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PREFACE

The proceedings of the 20th International Conference on Fluidized Bed Combustion (FBC) collect 9
plenary lectures and 175 peer-reviewed technical papers presented in the conference held in Xi’an China in
May 18-21, 2009. The conference was the 20th conference in a series, covering the latest fundamental research
results, as well as the application experience from pilot plants, demonstrations and industrial units regarding to
the FBC science and technology. It was co-hosted by Tsinghua University, Southeast University, Zhejiang
University, China Electricity Council and Chinese Machinery Industry Federation.

A particular feature of the proceedings is the balance between the papers submitted by experts from
industry and the papers submitted by academic researchers, aiming to bring academic knowledge to application
as well as to define new areas for research.

The authors of the proceedings are the most active researchers, technology developers, experienced and
representative facility operators and manufacturers. They presented the latest research results, state-of-the-art
development and projects, and the useful experience.

The proceedings are divided into following sections:

CFB Boiler Technology, Operation and Design

Fundamental Research on Fluidization and Fluidized Combustion
CO2 Capture and Chemical Looping

Gasification

Modeling and Simulation on FBC Technology

Environments and Pollutant Control

Sustainable Fuels

The proceedings can be served as idea references for researchers, engineers, academia and graduate
students, plant operators, boiler manufacturers, component suppliers, and technical managers who work on
FBC fundamental research, technology development and industrial application.

The editors would like to take this opportunity to thank our FBC colleagues around the world who devoted
much of their time to review the manuscripts to keep the scientific standard of the proceedings.

Xi’an, China
May 2009
Guangxi YUE
Hai ZHANG
Changsui ZHAO
Zhongyang LUO
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LATEST DEVELOPMENT OF CFB BOILERS IN CHINA
G. X. Yue, H. R. Yang, J. F. Lu, H. Zhang

Key Laboratory for Thermal Science and Power Engineering of Ministry of Education
Department of Thermal Engineering, Tsinghua University, Beijing, 100084, China

Abstract: The circulating fluidized bed (CFB) coal-fired boiler has being rapidly developed in
China since 1980s and becomes a key clean coal technology used in thermal and power
generation. In this paper, the development history and development status of the CFB boiler in
China are introduced. The development history of the CFB boiler in China is divided into four
periods and the important features of each period are given. Some latest research activities and
important results on CFB boilers, and the typical achievements and newest development of the
CFB boiler in China are also introduced. In addition, a few challenges and development directions
including the capacity scaling up, SO, removal and energy saving are discussed.

Keywords: CFB boiler, development, summary, status

INTRODUCTION

The power demand has been kept increasing rapidly with the economic growth in the past three decades in
China. Though the installation capacity for power generation in hydro, nuclear and renewable energy grows
significantly, coal keeps dominant in the energy reserve structure and thereby dominant in power generation.
Even in the year of 2020, it is expected that coal will remain 75% in power generation (Ni, 2005). Consequently,
clean coal technology (CCT) development and implementation will still be the most important strategies for
Chinese energy development in the foreseeable future.

Compared with other CCTs, such as IGCC, circulating fluidized bed (CFB) coal combustion is unique in
wide fuel flexibility, cost-effective emission control, and rather high efficiency. Particularly, it is most suitable
combustion technologies for high ash, high sulfur or low volatile content coals. This feature perfectly fits the
Chinese coal reserve structure, in which a great portion of coal is with high ash, high sulfur, low volatile
content, and low heating value. Besides, CFB and fluidized bed boilers are regarded available devices to burn
the millions tons of coal waste generated by the coal mining industries every year in China.

Upon the above background, CFB coal combustion technology has being developed rapidly in the last two
decades (Luo and Cen, 2005; Yue et al., 2005). Today, it dominates the boiler market in thermal generation and
penetrates into the market of the utility boilers.

In this paper, the development history of CFB boiler in China will be introduced first, followed by the
research activities, and then some challenges will be discussed.

CFB BOILER DEVELOPMENT HISTORY IN CHINA

The history of CFB boiler development in China is the extension of that of fluidized bed combustion (FBC)
boiler development, which began in 1960s on bubbling fluidized bed (BFB) boiler. By 1980, the number of
operating BFB in China was over 3000, largest unit population in the world. Encouraged by the success of first
commercial CFB boiler in former Lurgi Company, Germany (Feng, 2005), Chinese researchers and engineers
imitated the R&D on CFB boiler in 1982, and have kept paying a great effort since then. Generally, the
development history of CFB boiler in China can be divided in fourth periods: 1980-1990, 1990-2000,
2000-2005 and after 2005.

The first period was in the 1980s. It was the beginning and learning period, featured with strong influence
of FBC boiler. In that period, a CFB boiler was even regarded as a BFB boiler with an extended furnace plus a
separator in China and international wide. One of the main focuses was on the gas-solid separators. The typical
Chinese CFB technologies included the CFB boiler with S-shaped planar flow separators invented by Tsinghua
University (Zhang et al., 1988), the CFB boiler with louver type separators invented by the Institute of
Engineering Thermophysics of Chinese Academy of Science (IET-CAS) (Wang, 1995). The capacity of the
CFB boiler was below 75t/h, most in 35-75t/h. Because the collection efficiency of the separators was too low
to satisfy the material balance of circulating system, those CFB boilers, in fact, could only operating in BFB or
turbulent bed condition with certain amount of fly ash recirculation. The upper furnace was not in fast fluidized
bed and thus the heat transfer was too weak. Consequently, the boilers often failed to reach full designated load.
Some other severe problems often occurred included the over high temperature in dense bed, and severe
erosion in furnace and in second pass.
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The second period was in the 1990s. It was featured with improvement and progress. In that period,
supported by the government, Chinese researchers conducted vast amount fundamental studies on the gas- solid,
two phase flow, heat transfer and combustion in CFB boiler and grasped the key knowledge and know-how of
CFB boiler, rather than using the out-of-date BFB ones. Most CFB boilers developed in the 1% period were
successfully adjusted or retrofitted to reach the full designated output. Along with the economic blooming,
more than one hundred CFB boiler with improved deign with capacity of 75-130t/h were also put into operation
in China. The gas-solid separators with low collection efficiency were not used anymore. Instead, different
types of cyclones with high collection efficiency were used, including the hot round cyclone, the water-cooled
round cyclone and the square-shaped water-cooled cyclone (Yue et al., 1997).
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Fig. 1 200MWe CFB boiler with swirl cyclone co-developed by Institute of Engineering Thermophysics, ACS, and
Shanghai Boiler Work, China

The third period was in 2000-2005, the early five years of this century. In the period, CFB boilers became
rather mature, dominating heat power co-generation plants and emerging in utility boiler market in China.
However, the development of domestic CFB combustion technology still lagged than the requirements of the
power industry to build CFB power plants with the unit capacity over 100MWe and power generation
efficiency over 35%. Thus, on one hand, the major Chinese boiler works urgently import the advanced foreign
technologies by licensing or technical transfer. For example, Harbin Boiler Works Company got license of
100-150MWe reheat CFB from EVT, and Shanghai Boiler Works got license of reheat CFB boiler from former
Alstom CE. On the other hand, during this period, Chinese researchers independently developed their own
reheat CFB boilers based on the experience accumulated in smaller capacity CFB boiler development in the
first two periods, and improved some foreign technologies that were found not fully suitable for Chinese local
coals. The typical achievements were: (1) 135-200MW CFB boilers with swirl cyclones co-developed by
IET-CAS - Shanghai Boiler Works (Liu, 2008), shown in Fig. 1; (2) 135-150MW CFB boilers with steam
cooled cyclone co-developed by Dongfang Boiler Works (Wang P. et al., 2007); (3) 135-200MW CFB boilers
with hot cyclone and fluidization status reformed co-developed by Tsinghua-Harbin Boiler Works (Lu et al.,
2002a; Jiang et al. 2004); (4) 200MW CFB with pneumatic control EHE co-developed by TPRI-Harbin boiler
(Sun et al., 2005), shown in Fig. 2.
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Fig.2 200MW CFB boiler co-developed by TPRI and Harbin Boiler Works (a) boiler island;
(b) pneumatic control EHE
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The fourth period began in 2006 and featured by the quick spread of the 300MW sub-critical CFB boiler
and the development of the 600MW supercritical CFB. In order to increase the power generation efficiency of
CFB boiler, supported by State Development and Reforming Commission (SDRC), three largest boiler works in
China obtained technical license of 300MW CFB boiler from Alstom Company in the late 1990s. The first
demonstration in Baima Power Plant, Sichuan Provice (burning anthracite) operated in April 2006 followed by
Qinhuangdao Power Plant, Hebei Province (burning bituminous) in June, 2006, Honghe Power and
Xiaolongtan Power Plant in Yunnan Province (burning lignite) in October 2006.
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Fig.3 The market of CFB boiler in China by end of 2008 Fig. 4 CFB boiler scaling history in unit capacity in China

The first 300MWe CFB boiler with single furnace and without EHE co-developed by Tsinghua-Dongfang
Boiler Works operated in 2008. So far, the total number of 300MWe CFB boilers in operation is 13 units. The
initiation of 600MW supercritical CFB demonstration was an important event in this period. Chinese
researchers started the investigation of supercritical CFB under the support of Ministry of Science and
Technology (MOST) in the Tenth Five Year Plan (2001-2006) and finalized the conceptual design by the end of
2005. Then the SDRC supported the demonstration of 600MW supercritical CFB project in Baima Power Plant
in 2007. The commissioning of the boiler is set by the end of 2011.

By 2008, the total power capacity of CFB boiler in China is around 63000MWe that is more than 10% of
total Chinese coal fire power installation. Among these boilers, about 150 units are 100-150MWe, and 13 units
are in 300MWe class. During the Eleventh Five Year Plan (2007-2011), approved by SDRC, 50 units of
300MWe CFB boilers are to be built and more CFB boilers burning coal waste with total capacity of 2000MWe
are under approval.

SOME IMPORTANT RESEACHE ACTIVITIES AND RESULTS

Over two decades, Chinese researchers and engineers conducted vast amount of fundamental researches
on CFB combustion, targeting the design of CFB boilers. The research topics cover fluidization, fluid
mechanics, heat transfer, combustion, emission control and other aspects in the CFB boiler. Some important
results were obtained.

Bed material balance

First, it was found that bed material balance is important for heat transfer and combustion performance.
Solid particles with respect to size distribution should be kept in balance during the stable operation. Although
the size of feeding particles into a CFB boiler is widely distributed, the size distribution of the recycling ash is
rather narrow as the system behaves like size selection machine. The average size of bed inventory (bed quality)
and the circulating rate of ash depend on the performance of separator and bed ash drain characteristics (Yang
et al., 2005), besides the superficial velocity and ash formation characteristics of coal and limestone.

Moreover, the overall system efficiency, especially the efficiency for circulating ash (near the dgg of
separator) strongly impacts the circulating rate G,, which is typically three order larger than the feeding rate of
such size particles. The design of cyclone separator and bed ash drainage should keep the efficiency for
circulating ash over 99.7% (Yang et al., 2005). In engineering practice, sometimes, ash cooler with size
classification are needed to keep fine circulating ash in bed. Mathematical modeling, considering the coal ash
formation and attrition characteristics, the particle segregation in dense bed, is suggested to be used.

Axial and peripheral distributions of heat transfer coefficient and heat flux
The heat transfer coefficient and heat flux, and their distribution in the furnace are important for the design
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of heating surfaces. Due to significant difference in gas-solid hydrodynamics between the practical CFB boilers
and the laboratory CFB risers, the field measurements in commercial CFB boilers were conducted directly. The
results confirmed that the overall heat transfer coefficient between two phase flow and the water wall, ¢, is
mainly composed of particle suspension convective heat transfer coefficient ¢, and particle suspension
radiative heat transfer coefficient o, (Andersson and Leckner, 1993). Along the furnace height, a3 is directly
proportional to the certain power of solid suspension density. Furthermore, it was found that peripheral heat
transfer coefficient and heat flux distribution is not even(Zhang H et al., 2005), and influenced by the heating
surface arrange in the top furnace (Zhang P et al., 2009). The deviation of the peak and least value could be
6-8%. Based on the field data, more practical model was developed and empirical correlations were provided
and accepted by boiler design companies.

Axial profile of heat release fraction

Heat release fraction, namely the burning fraction of coal particles in a specific section of the furnace was
introduce to guide the CFB boiler design, e.g., to arrange heating surfaces in furnace and set flowrate ratio of
primary air to secondary air (Jin et al,, 1999; Yue et al., 2005). Both laboratory experiments and field
measurement found that heat release fraction in dense bed of a CFB is much less than that of a bubbling bed,
and a remarkable amount of CO is produced in the dense bed even with high O, concentration, confirming that
the dense bed of a CFB is in a reducing atmosphere. It was also found that the coal particle size plays an
important role in the axial profile of the amount of heat release in the CFB. For large coal particles, combustion
mainly happens in the dense bed; for small coal particles, combustion mainly happens in the freeboard section.
Heat release fraction profile is strongly influenced by the size distribution of coal particles, and their
fragmentation and attribution characteristics during the combustion.
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Fig. 5 Variation of heat transfer coefficient with bulk density in a 135MWe CFB boiler (Wang, 2005)
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Feasibility study on N,O removal

Nitrous oxide (N»O) is a typical pollutant emitting from CFB boilers. The development of an effective and
cost-effective technology to reduce the N>O emission from CFB boilers is of significance. The experiments
showed that circulating ashes may possess remarkable catalytic effect on N,O reduction and the intensity of the
catalytic effect strongly depends on operational parameters such as reaction temperature and O, concentration
(Loffer et al., 2002; Hou et al., 2007). It is feasible to inject NH; at the cyclone entrance of CFB boiler to form
a selective catalytic reduction (SCR) process for N>O emission without using extra catalyst.

Post combustion in the cyclone

Remarkable post combustion of the gas and solid combustibles in the cyclone of CFB boilers was reported
by the CFB power plant. This phenomenon increased flue gas temperature of about 30-500C, and the heat
release fraction in the cyclone about 5-8% of the total heat release in the boiler (Yue et al., 2005; Li et al., 2009).
Without well understanding such a phenomenon, overheating of reheated and superheated steam and extra heat
loss of exhaust flue gas could be introduced. Post combustion could play a more important role as the unit
capacity of the boiler, and often the dimension of the cyclone increases. Recently experimental and modeling
studies on post combustion were conducted. It was found that post combustion post combustion is sensitive to
coal type, and it is most severe in a CFB boiler burning low volatile anthracite coal. It is also impacted by fuel
size distribution, the overall fluidizing air flow rate, and the primary/secondary air ratio. The main reason is that
the coal type and feeding coal size, and the operating parameter, differ from the design values. To overcome the
post combustion in the cyclones of existing CFB boilers, the feasible solution is to change the operational state
back to the designate state by adjusting the bed inventory and feeding coal size based on material balance
calculation and heat release fraction distribution. For the anthracite burning CFB boiler with thermal insulated
cyclones, post combustion is needed to be carefully considered in the design phase.

Misdistribution of hydrodynamics in a CFB boiler with multiple cyclones

As the unit capacity of the CFB boiler becomes large, multiple cyclones are used at the same time.
Multiple enclosed circulation loops of the two-phase flow exist and each loop consists of the furnace and the
set of external components including a cyclone, a standpipe and a solid recycle valve. Some experiments were
conducted to simulate the fluid dynamics in the 300MWe and 600MWe CFB boilers with multiple cyclones
(Yue et al., 2008). The results confirmed the polymorphism of flow non-uniformity and thereby the fluid
dynamic characteristics in each loop are not necessary to be the same. In the furnace the lateral difference of the
axial pressure profiles corresponding to the cyclone location is little, indicating that the transverse material
concentration distribution in the furnace is unbiased. However, the solid flow rate and the material distribution
in one loop could be remarkable different from the others. Under present experimental condition, the
circulating rate in the middle loop is about 10% larger than that in the side loops.
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Fig. 8 Schematic diagram of CFB boilers Fig.9 Pressure profile in the different enclosed loops in a CFB
with multiple cyclones (Yue et al., 2008) with three cyclones( Ug=1.08m/s, I=50kg)(Yang et al., 2009)
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Design Theory for CFB Boilers

One of the most important research achievements is the State Specification Design Theory of the CFB
boilers, which was partially published at the 18 FBC conference 2005 in Toronto, Canada (Yue et al., 2005).

It was found that a CFB boiler can be generally described as the superposition of a fast bed in the upper
part with a bubbling bed or turbulent bed in the bottom furnace. The CFB boiler as an opening fluidization
system with fast bed in the upper furnace can be operated at multiple states and each state is “specified” by U,
and G; (Li and Kwauk, 1980). Moreover, a CFB boiler can operate at different states while keeping the upper
furnace in fast bed regime with a given U, and dependent G, by adjusting M and bed quality. As the upper
furnace is in fast bed fluidization, the state of a CFB
boiler can be “specified” by U, and G; or bed voidage. 30
That means a CFB boiler operates at specific U, at
designated load, while G; depends on the material 25
balance. Any changes in material balance shall change
the fast bed state. This is not acceptable by the designer
and operator. Therefore, it is suggested that during the
design of a CFB boiler, the state in fast bed regime is
pre-selected. When the state is fixed, the heat transfer
coefficient profile along the furnace height is also fixed.
The operator should keep the CFB boiler operating
around the pre-selected state by controlling the bed
inventory (the amount and size distribution).

Based on the summary all types of CFB
technologies in the world, a guide map for the
fluidization state selection, especially when a Chinese
coal is burnt, is obtained and shown in Fig. 10. The 4 5 6 71 8 9 10
guide map distinguishes BFB and CFB by G;. It also Fluidizing velocity u; m/s
shows the maximum G, determined by material balance. — p; 15 Guide map of fast bed status in CFB
Furthermore, the map gives the warning line for boiler(Yue et al., 2005)
erosion. Shown in the map, possible design state should
only locate in a limited triangle area. Guided by this
map, some domestic boiler works re-selected the fluidization state in CFB boiler design. As a result, the
performance of the boiler was improved. The guide map also provided a guild line for the retrofitting of some
foreign technologies.
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CHALLENGES AND NEAR-FUTURE DEVELOPMENTS

Although CFB technology is rather mature in China, it is still facing challenges in three aspects. As it
enters the utility boiler market, CFB boiler is expected to have compatible availability, power generation
efficiency as the pulverized coal fired (PC) boilers with the same capacity. Besides, the sulfur capture
efficiency of a CFB boiler should compatible with that of FGD used in a PC boiler.

Capacity scaling up for efficiency improvement

Increasing the unit capacity and steam parameters of a CFB boiler is a direct measure for power generation
efficiency improvement. For this purpose, China imported Alstom’s 300MW sub-critical CFB boiler
technology (17.5MPa,540/540) in 2003. Since then, sub-critical 300MW CFB boilers has quickly spread out in
China. The overall power generation efficiency increased around 5% compared with that of high pressure
(12.7MPa, 535/535) CFB boilers. Based on the increasing experience from Alstrom technology, Chinese
engineers and researchers simplified the Alstrom process to meet the market potential. The pioneer work was
done by Dongfang Boiler Works. A conceptual design with simpler process was suggested. It is featured by
single furnace, three cyclones, M shape arrangement, in-furnace reheater and superheater panel, partition in
second pass and no external heat exchanger (Nie et al., 2007). The schematic is shown in Fig. 11. The
conceptual design was investigated and approved by cold test in Tsinghua University (Yue et al., 2008). The
first demonstration of this boiler was successfully put in commercial operation in 2008. By now, over 40 units
are thereafter ordered, because of its reliable, simple operation and less price. Similar process was also adopted
by Shanghai Boiler Works and Harbin Boilers Works (Zhang Y et al., 2008).

Another 330MW CFB demonstration was undertaken with the design of TPRI and Harbin Boiler Works
(Jiang et al., 2007). The boiler was of single furnace with superheater panels, pneumatic control EHE, single
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second pass. The boiler was put in commercial operation in the end of 2008. Fig. 12 shows the schematic of the
boiler structure and Fig. 13 shows a picture of the layout of the boiler.
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Fig. 11 Schematic of 300MW CFB without EHE Fig. 12 330MW CFB boiler with pneumatic control
EHE

To further improve power generation efficiency, the next step is clearly to go supercritical. Chinese
researchers finished the conceptual design of the supercritical CFB (SCFB) boiler in the end of 2005 (Lu et al.,
2002b; Liu, 2003; Wu et al., 2004). Then SDRC proved the demonstration project of 600MWe SCFB in Baima
Power Plant in 2007. Dongfang Boiler was selected as the boiler supplier. The designate parameters of the
SCFB boiler are: steam temperature: 571°C/569°C; stream pressure: 25.4MPa; main steam flowrate: 1900t/h;
boiler efficiency: 92%; SO,: <300mg/Nm?*; NO,: <200mg/Nm’; and power generation efficiency: 42% (Nie et
al., 2007; Li Y. et al. 2009).

Fig. 13 Picture of 300MW CFB boiler with pneumatic Fig. 14 3-D schematic of 600MW supercritical
control EHE CFB boiler

The boiler is of twin furnace (with total cross section 15 X 28m? and 55 m height) divided by a partition
waterwall and two air distributors. Six cyclones with inner diameter 9m are located outside furnace, each
connected with individual external heat exchanger (EHE). 12 superheater panels are inserted in furnaces. The
high temperature superheater and low temperature reheater are located in the second pass. The high temperature
reheater, the first and high temperature superheaters are located in EHSs. There are two options for the cyclone
selection. One is the steam-cooled cyclone used as the low temperature superheater. The other is the refractory
lined cyclone. The flow chart of water and steam can be seen in Fig. 15 and 16. Water jacketed rotary ash
cooler is used instead of fluidized bed ash cooler because of its worse experience for Chinese coal. The
demonstration in Baima shall be in commissioning in 2010 or 2011.

SO, Removal in a CFB boiler

The in-furnace de-SOx (desulphurization) in a CFB boiler used be and still is a problem in China. The
original purpose of fluidized bed combustion technology was for coal waste utilization in China. Thus, not
much research was done on limestone additives in fluidized bed. Even CFB combustion has practiced in China
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widely since the early 1980s, only a few power plants did regularly use limestone for de-SOx in the CFB boiler.
In addition, the limestone crushing, feeding system was not well designed and installed. As a result, the de-SOx
efficiency was rather low, gave the people a wrong impression that CFB de-Sox efficiency is only 80-85%.
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Fig. 17 SO, emission record for a 135MW CFB boiler

In recent years, the state emission standard becomes more stringent, so that the environmental protection
bureau even forced the owners of CFB to install the wet FGD for CFB boiler. Now more and more CFB owners
paid more attention on the de-SOx process of CFB boilers. For example, Shandong Huasheng Power Plant,
with the help of Xian TPRI carefully selected the most active limestone, and optimized the limestone size and
improved the limestone feeding system for a 135MW CFB boiler. The average SO, emission over one month
operation was 104mg/Nm3 when Ca/S=2.2, burning a coal with sulfur content of 2.11%. They compared the
operational cost of de-SOx in a CFB boiler and a wet FGD used in a PC boiler with the same capacity. It was
found that the cost for a CFB boiler is 0.008 Y /kWh and that for the FGD is over 0.02¥ /kWh, 1.5 times higher.
While the compensation for de-SOx from Power Grid is 0.015¥ /kWh. Many Chinese CFB boiler power plants,
are encouraged by above experience are taking action to implement in-furnace de-SOx.

Energy saving CFB process

Recently, Chinese researchers are working on the new idea for improving both the availability and the
energy-saving for CFB combustion. Erosion in furnace wall has the major impact on the availability of CFB
boilers because the splashing on the surface of dense bed in CFB furnace (Li et al., 2009a, 2009b). Besides,
high bed inventory in furnace needs a high pressure draft fan for fluidization, introducing high power
consumption for the primary draft fan.

Based on the State Specification Design Theory of CFB boilers, Tsinghua University proposed a novel
CFB technology by reconstructing the fluidization state in the furnace by adjusting the bed inventory and bed
quality (Yang H R et al., 2009). A patent for energy saving CFB process has already been approved by Chinese
patent Bureau. The patent application in EU and US is also in processing.

The first validation of the concept was successfully done on a 75t/h CFB boiler in Shanxi Province, China,
burning bituminous washing waste with heating value 18.34MJ/kg (received base) and ash content 38.42%.
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The size distribution of coal and ash formatio are shown in Fig. 18.
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al., 2009)

The bed pressure drop in the furnace was adjusted to 3.2, 3.8, 5.6 or 7.3 kPa by controlling the discharges
of bottom ash and circulating ash. Fig. 19 shows the bulk density distribution along the height of furnace and
corresponding bed inventory. As we decrease the bed inventory of a fast bed, the bottom dense bed shrinks
faster than upper lean phase. The field tests shown that the
boiler could operate steadily with a bed pressure drop as --m-- 75t/h, 3220Pa
low as 3.1kPa, much lower than the conventional value. At 20 1—a— 75t/h, 3830Pa
the same time, the temperature in the furnace only changed _:_ :’,gz: ggggi: 7,
slightly (around 14°C), as shown in Fig. 20. The tests also - ' L
show an obvious impact of bed inventory on the .
combustion efficiency.

Theoretical analyses and practical applications
showed that reconstruction of the fluidization state can be
done by decreasing the bed inventory at a value much
lower than normal experience. To do this, we have to
carefully evaluate the performance of circulating system of
the CFB boiler to make material balance towards more fine
particles. Both size distribution of feeding coal and the ash ok
size formation characteristic of feeding coal should be
considered 870 900 930

A long term operation test was done for three CFB Bed Temperature/’C
boilers in Shanxi. It was estimated tha}t .Wlth the nov.el Fig. 20 Tempersture in furnace for different bed
technology, around 5 million kWh electricity were save in  jnventory (Yang H R et al., 2009)
one year. Besides, there was barely any erosion in furnace
water wall.

Encouraged by the achievement, the boiler manufacturer expanded the technology to burn other coals such
as sub-bituminous, anthracite and lignite, and larger CFB boilers with capacities of 150t/h and 220t/h (Su et al.,
2007).
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CONCLUDING REMARKS

China is the biggest market of CFB boilers. Today, in China CFB boilers are no longer limited to be
industrial boiler used only for thermal generation. They are playing more and more important role in the
electrical power generation. During the near three-decade’s development of CFB boiler in China, Chinese
boiler works are capable to manufacture the 600MWe class supercritical boiler, the largest one in world. The
engineers are experienced in boiler operation and maintenance. The researchers also mastered and developed
the CFB boiler design theory. However, challenges and problems still remain, such as capacity scaling up,
service power reduction, and SO, capture.
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It is expected with the resolve of the challenges and problems, the CFB boiler will more mature and
prevailing in power generation in the foreseeable future.
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Abstract: Modelling of biomass gasification in bubbling and circulating fluidised bed (FB) is
reviewed. The focus is on comprehensive fluidisation models, where semi-empirical correlations
are employed to simplify the fluid-dynamics of the FB. The conversion of single fuel particles,
char and gas reaction kinetics are dealt with, outlining the key phenomena that should be included
in gasification models. An assessment of published models is presented and the need of further
investigation is identified.
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INTRODUCTION

Mathematical modelling of fuel conversion reactors is based on balances of mass, species, energy and
momentum within the domain concerned (reactor and fuel particle) with its boundary conditions and source
terms. The chemical conversion is expressed by the source terms, which couple the reactor model with the
conversion models. Computerised reactor models based on CFD technique follow most closely the fundamental
partial differential equations, but in fluidised bed reactors, when chemical conversion is included, the model
solution through numerical methods tend to become too extensive, and simplifications are introduced based on
empirical or semi-empirical relationships. These simplified approaches are the most common ones so far in
fluidised bed gasification (FBG) modelling. They are the focus of the present survey that deals with reactor
modelling as well as with modelling of reactions, both homogeneous and heterogeneous, applied to biomass
and waste gasification in a fluidised bed (FB).

Modelling of combustion and gasification in FB is similar in many respects, for instance, in the case of
fluid-dynamics, devolatilisation, oxidation of volatiles, char conversion and comminution processes. There are
differences, though, such as in the mode of conversion of char and in issues related to heat transfer to surfaces.
With caution, therefore, many of the model elements from FB combustor models can be utilised in FBG models.
Relevant reviews of coal combustion in FB are available (La Nauze, 1985; Hannes 1996; Eaton et al., 1999;
Ravelli et al., 2008). Despite the different physical and chemical properties of biomass and coal, there are no
conceptual differences between the fuels with respect to model structure and mathematical description of the
process. Reviews on modelling of gasification in FB for coal (Gururajan et al., 1992; Moreea-Taha, 2000) are
useful also for biomass. Past reviews specifically devoted to modelling of biomass gasification in FB include
those of Buekens and Schoeters (1985), Hamel (2001), and Newstov and Zabaniotou (2008). An updated
survey of the main mathematical reactor models for biomass and waste gasification in FB is presented here.

FLUID DYNAMICS

Figure 1 presents typical flow patterns in FBG units,
valid for bubbling (stationary) or circulating beds. Graph (b) Bt roggon
shows quantitatively the concentration of solids in different |
parts of a reactor. Two main zones are distinguished: a
bottom zone and a freeboard (or riser in the CFB case). The
bottom bed is a bubbling fluidised bed. The freeboard is a
more dilute zone, where the solids are carried away
upwards from the bed. There is a splash region between the
two zones, characterised by the return of the solids that
were thrown up from the bed’s surface. The flow structure
in the freeboard is not qualitatively different in the two

Freeboard

Bottom
types of bed: there is a clustered particle flow moving . Bed
upwards and a thin layer of separated particles moving | Cosjfcaton Suspension Density
down at the walls. Since the momentum equation is not (a) (b)

solved in fluidisation models, the flow pattern has to be

- ‘ Fig. 1 The flow pattern in an FB
specified by relations based on measurements.
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The following key parameters define the flow pattern in an FB: (a) in the bottom zone: the (volume)
fraction occupied by gas ¢, the fraction occupied by bubbles &, the fraction of gas in the emulsion phase, ¢, the
velocity of gas in the emulsion u, the bubble velocity u, and bubble size d,. (b) In the freeboard the
corresponding voidage is e, and 1- & is the solids flow. Other variables necessary for the solution of the
conservation equations can be obtained from the quantities mentioned.

Modelling of the bottom zone

Despite the observation of different time-averaged bottom bed voidages in bubbling and circulating beds,
the modelling of the two types of FB is similar for fuel conversion devices employing sufficiently wide beds of
Group B particles, provided that the correlations used are within their ranges of validity (Pallarés and Johnsson,
2006). At every height 4, a part of the gas flows through the emulsion phase and the rest forms bubbles. The
overall voidage is

e=g,+(1-¢,)s, (1)

The bubble size can be calculated by correlations, for instance the one of Mori and Wen (1985) or other
alternative equations found in Kunii and Levenspiel (1991) and Souza-Santos (2004). The bubble velocity can
be estimated by Davidson and Harrison (1963) as u,=u.tuy,, Where uy, is the single bubble velocity and u, is the
visible bubble flow defined as u,=¢; up, which, according to the original two-phase theory is u,=up—u,s The
porosity and velocity at minimum fluidisation is given by correlations (Kunii and Levenspiel, 1991). The
average voidage ¢ is calculated by a bed expansion factor

P @
—&

Joex depends on the height above the bottom /4 and is calculated by empirical correlations, such as those of Babu
et al. (1978) obtained by fitting measurements from commercial BFB coal gasifiers. Equation (2), together with
a correlation for fiex, vields a relationship for ¢ and &.. Some authors assume &, = enr. Then & can be directly
estimated by Eq. (2), and Eq. (1) is used to obtain &, The two-phase theory of fluidisation determines the gas
split near the distributor (#=0) as an initial condition, but this theory is abandoned for positions above the
distributor to allow for gas generation and temperature variation with height. The coefficient of mass exchange
between bubble and emulsion, ke, can be calculated with the correlation of Sit and Grace (1981), who used
previous experimental studies to suggest a combination of convection and diffusion processes where the clouds
around the bubbles were included as part of the emulsion. Models and correlations of the parameters discussed
have been surveyed by Yates (1983), Kunii and Levenspiel (1991), Oka (2004) and Souza-Santos (2004).

Modelling of the freeboard
The key concept of freeboard modelling is the quantification of the entrainment of particles from the
bubbling bottom zone and the steady solids flow through a circulation loop back to the bed. Particles are
thrown out of the bottom bed by the bubble eruptions and/or carried away by the gases. The bubble eruptions
form a splash zone with a high back-mixing of particles. Above the splash zone, sufficiently small particles are
carried away by the flow of gas, and the clustering back-mixing in the core of the transport zone is small.
Instead, particles are transported from the core into the wall layers, where the gas velocity is smaller and they
fall downwards. This second mechanism is dominant far away from the splash zone. The upward flow of
particles in the transport zone is F.=G,4. where 4. the cross-section area of the core (index c) and G; is the
particle flux given by
G, = G,exp(-K(h-H)) 3)
that takes into account the transfer of particles between the core and the wall layer, and K is a “decay” constant
correlated experimentally. G.,is measured or calculated at the exit of the riser as G.,=p.o(up —u;) based on the
assumption that the flow in the transport zone is rather dilute. At any height the balance F,,+F.=F,,+Fc, =AG
holds, so the downward flow at the wall can now be written as
F, = AG[1-(1+k,)exp(-K(h— H))] 4)
fy, describing the backflow from the top of the riser is estimated by measurements (Johnsson et al., 1995). The
suspension density in the transport zone can be obtained from
p=p,exp(-K(h—H)) &)
with p, being the average density at the top. Close to the bottom bed, the particle concentration is not only
affected by the drag from the gas but also by the ejection of particles by the bubbles, which induces a ballistic
mechanism of solids transport, characterised by backflow of coarser particles. The corresponding density
generated by this mechanism must be added to that of the transported flux of particles. Therefore, in the
modelling of average axial density profiles through the splash zone down to the surface of the bottom bed, both
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mechanisms are accounted for:
p = pp exp(-a(h—H,)) + p,exp(-K(h— H)) 6)
Figure 2 shows how p is the sum of the two contributions. The value of pp, is obtained by the following
consideration: at the bed surface #=H,, p=p,; since the two components of particle density are assumed to
coexist at the surface, it holds: px= ppxtpox 80 that pp,= px—pox., Where po is given by applying Eq. (6) at 2 = H,.
The first part of Eq. (6) represents the contribution of the splash zone, caused by the particles thrown up by the
movement of the bed, similar to the classical form proposed by Lewis and others, typical for the bubbling bed.
The decay constants a and K have been determined empirically (Kunii and Levenspiel (1991) and Johansson et
al. (2007)) by, for instance, a=4uy/uy and K=0.23/(uy—u;). To apply the present model, the suspension density at
the top of the riser p, is the most uncertain parameter. It can be estimated, though, from the circulating flux G,
Peo = (Up —u)/ G if G is measured. Alternatively, an estimate of p, is obtained from pressure measurements
along the riser. Clearly this latter equation is not valid at the walls where u<u; and the particles fall down. This
means that dp/dh= —pg is difficult to interpret, and so, it is uncertain to determine p from pressure drop
measurements. However, in a large riser this seems to be of minor importance. Finally, in the equations, the
bottom bed parameters p, and H; are obtained by the bottom bed model presented above or by direct
measurements. From the densities, the freeboard voidage er =(1—p/ps) can be calculated.

h=H7
F pedn
F, e,h+dh'
| p
Height, h |\ emulsion hidh

' P, exp(=K(h = H))
| 6 tu |
i Prexpta(h—H,)) %

h=H, N\
E é ! F, eh I h

p [ p ox p Bx R%\ﬂg\' F NN
Solids density, 0 I o
Fig.2 Solids density profiles in an FB Fig.3 Definitions of fluid-dynamic parameters in
a control volume of the bottom bed
MASS BALANCES

Once the fluid-dynamic variables of the various regions in the FB have been defined, the conservation
equations can be formulated. Figure 3 shows the geometry of a differential volume in the bottom zone with the
main fluid-dynamic parameters used. In the bottom bed, the mass conservation balances for gas species in the
bubble and emulsion at height h are written as

1 dF, —cR k AF 7
A_BW =&R,; — &k, (P — P )+ AF, @
1 d‘F;,e € :
A_ dh =¢,(1-¢, )Rgg,i + Z (1-¢)1-¢ )o-ngs,m,i + gbabkbe,i (p"’b - pi’e) - AF;‘g’i ®)
B m

The mass flow rates of gas i in the bubble and emulsion are given by F;y=upp;ipdp and Fi e=uep;ede. The
cross section areas in the bubble phase, 4, and the emulsion, 4., are related to the cross section of the reactor

(bottom zone “B”), Ap, by: Ap=Ay+A4.. The chemical reaction terms Rzg/i. and Rgbs/;’i are given by

[, oy
ble __ ble e _ e
Rei = Z’},x‘ v, MM, Remi = Z’},m,i v, MM, €))
= =

All solids are assumed to be in the emulsion phase (and so, heterogeneous gas-solid reactions take place).
The main homogeneous reactions are the oxidation of volatiles, the water-gas-shift reaction and the reforming
of hydrocarbons. The main heterogeneous reactions are the devolatilisation and char-gas (mainly O,, CO, and
H,0) reactions. As a result of fuel devolatilisation and gas-char reactions in the emulsion, as well as of the
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increase in molar volume due to the homogeneous reactions, there is a net generation of gas in the emulsion
phase. This gas is assumed to be instantaneously transferred to the existing bubbles (exogenous bubbles) or it
directly forms new bubbles, i.e. endogenous bubbles. Figure 3 illustrates this by the arrow representing the net
flow, AF,,, from the reacting solids in the emulsion to the bubble phase. The expression for AF,, is:

AF;tg = (1 - gb )Z ((1 - 6'e )Z O-mR;s,m,i + geR;g,i] (1 0)
i=1 m

Several solids m whose volume fraction is o, can be part of the bed: inert bed material, char and catalyst.
The term R%;,,; takes into account the generation of the gaseous species i by reaction with solid m. The
contribution of each individual species i to the net flow is AF,,,; given by:
C.
AF, , =AF, —=

ng,i

(1)

At any height 4, the total gas flow rate Fy; must be updated to incorporate the increments in the flow
given at this height /4, AF,,, ;. By mass balances at height # (see Fig. 3) one can write:

E),h+dh = E),h +AF,_, = (Fe,h + E;,h) + AF;g,h =F, hidn T F;;,h+dh (12)

ng,h e,

cT,e

In the mass conservation equations of the gaseous species in the freeboard a single-phase model is often
assumed for the gas (plug flow) and an axial distribution for the solids, er (%):
1 dE . F
— =g R+ (l-¢,)0 R 13
T ar Rt X (13)

m” o gs,m,i
In Eq. (13) the solids and gas are lumped into a single phase (index F). The mass conservation balances for
the solids m in the perfectly mixed bottom bed are

H,
Fppup = Frpn =4y [(1-5,Y1- 8RS, , dh (14)

The flow of solids m entering the bed, F, i 5 consists of the solids fed and the recycling flow, if there is
one. The flow of solids leaving the bed, Fnoup is to the drainage (continuous overflow or batch-wise
mechanical removal) and the flow to the freeboard. A similar equation is formulated in the freeboard,
accounting for the variation with height. The boundary conditions are given by the composition and flow rates
of the fluidisation agent and the solids fed to the reactor. The reaction terms R,; and R, may vary with # and,
therefore, the spatial distribution of particles involved in the calculations of these quantities, mainly char and
devolatilising particles, has to be known. However, the char is well mixed, so a volumetric source equally
distributed through the bed can be defined.

In addition to the spatial distribution of solids, in an FBG there is a particle size distribution (PSD) of
solids. Several phenomena contribute to changing the original PSD of the feed: gas-solid reactions,
entrainment, fragmentation and generation of fines by attrition. The most common solids in FBG are inert
bed material, fuel, and catalyst for tar removal, such as dolomite, lime or other. Let a particle of kind m
and of size / be named as a particle of the m,/ class. The flux and density relationships defined above for
the freeboard at 2 can be used for a particle of m,/ class at height 4, provided that the mass fraction of the
particle, xn,, of the m,/ class at height 4 is known. For instance: G, =GXm,, pm=PXm), €tc. Therefore, the
model developed is directly applicable if the decay constant and boundary conditions at the surface of the
bottom bed and at the top of the freeboard are formulated for a particle of the m,/ class. To calculate the
mass fraction of a particle of the m,/ class at steady state in the bottom bed, a population balance for each
solid m should be formulated (losses=gains):

Fm,l,in + Fm,l,gain + ERm,l (15)

The sum of Eq. (15) for all sizes / yields Eq. (14). The term Fp, ) 1, represents the contribution from the feed
and recirculation streams. The term Fy, ),y is the loss due to forced withdrawals and by entrainment at the
surface of the bed F, ) en. The fraction m,/ of particles in the withdrawal streams is equal to that in the bottom
bed xnm,  if the bed is perfectly mixed. The corresponding net entrainment at the bed’s surface is:

F =x F _-x F (16)

m,l,ent m,l,c” c,x ml W w,x

=F

m,l,out

+I

m,lloss

where a distinction is made between the solids in the wall layer and in the core (indices ¢ and w), because
their may differ. The terms Iy i gain and I my10ss  represent the gain of particles of the m,/ class due to the attrition
and fragmentation of particles from superior levels (size >/) and the loss of particles of the m,/ class to inferior

levels (size </). The term ‘Rm’ , represents the consumption by chemical reaction of particles of the m,/ class.

The recycling stream depends on the efficiency of the particle separator (cyclone). A simple method for
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estimation of the cyclone efficiency as a function of its main geometry parameters and temperature was given
by Leith and Metha (1973). For CFB, the semi-empirical model developed by Zhang and Basu (2004) can be
used. A summary of more sophisticated methods has been published by Cortés and Gil (2007).

ENERGY BALANCE

Heat balances can be formulated, depending on the aim: (1) overall heat balance over the reactor (Yan et
al., 1999), (2) overall heat balances over regions, such as bed, secondary air injection zone, and freeboard,
(Corella and Sanz, 2005) (3) heat balances over the various regions without distinction of phases (Jiang and
Morey, 1992), and (4) heat balances over the phases and along the zones of the reactor, including heat and mass
transfer between bubble and emulsion, gas and solid particles and heat transfer across the external surface (heat
losses) (Souza-Santos, 1987, 1989; Jennen et al., 1999; Hamel, 2001; Ross et al., 2005). A model of Type 1 can
be formulated as heat input=heat outlet+heat loss:

Ay By ny By
ZZE,kHi,k = ZZE,kHi,k + Qloss (17)
k=1 i=1 k=1 i=1

The left-hand side is the total sum of energy entering the bed: species i in the feed streams %, including m
solids: fuel, catalyst, inert, etc., and the gas feed streams: fluidisation agent, secondary injection of air or
oxygen, produced gas recirculation, etc. ng, 7o and ng, are, respectively, the number of feed and outlet streams
and the total number of species in the system. The recirculation stream is internal and not included in Eq. (17).
The right-hand side represents the energy carried by gas and solid products leaving the bed and the net heat loss
from the fluidised bed to the surroundings Qs The latter can be treated as an input parameter (Yan et al.,
1999)), or alternatively, it can be calculated on the basis of reactor temperature, type and thickness of insulation
and dimensions of the reactor.

A model of Type 4, a 1D isothermal model of the phases, can be formulated as the heat balance over a
differential volume of height d7, yielding for the gas in the bubble and emulsion phases of the bottom bed:

ld(E’Hb)—h T.-T,)+AF ¢ (T -T, 18
A_T_gb beab( e b)+ ngcp,ng( e b) ( )
B

LM—Z(l—a Yl-¢)o,h, (T -T)+eah, (T,—T)

AB dh ~ e b m' gs,m \" s,m e b6 " he \" b e (19)
~ART, . (I -T)+U,(T, - T.,)
H, and Hy, are enthalpies accounting for of all the species in the respective phase.

H,, = in,b/eHi (20

H is the enthalpy of the i species including sensible heat and chemical energy, hence, taking into account
the changes in temperature and chemical reaction. For the gas in the bubble phase, Eq. (18) expresses the
change in enthalpy due to the net rate of heat transfer from the emulsion by convection (with coefficient /)
and to the accompanying net flow AF,,. In the emulsion, Eq. (20), the enthalpy changes by the net rate of heat
transfer from the solid particles (by convection with coefficient /g), the bubbles (by convection with
coefficient /,, and by the net flow) and by exchange with the surroundings (with the overall heat-transfer
coefficient Uy). Uy contains three mechanisms of heat transfer in series: bed to wall (with film transfer
coefficient /,y), conduction through the solid insulation blanket and free convection caused by the environment
(at Tex). Correlations for Ay, Ay and Ay, can be found in Kunii and Levenspiel (1991) and Souza-Santos (2004).
Boundary conditions necessary for Eqs. (18) and (19) are simply formulated from the heat input with the gas
and solids feed streams and are not explicitly written here. The boundary condition for the gas temperature
above the distributor (4=0) is more complex and can be found in Souza-Santos (2004).

The heat balance for a particle of type m is:

Hy
(F‘H)m,in,B - (F‘H)m,ma,g = AB I{(l - Ee )(1 - gb )o.mhgs,m (Ts,m - I;)}dh (21)
For the freeboard, the heat balance formulation is:
1 d(FzH})
—— 2 =U (T -T 22
AF dh w( F axt) ( )

Eq. (22) considers the solids and the gas in the freeboard as one isothermal phase, similar to the mass
conservation equation, Eq. (13), where solids and gas are lumped. As a result, the flow Ff and enthalpy Hy are
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the sum of the heat contents of species in the gas and in the solids at height 4. The boundary condition for Eq.
(22) is obtained by flux and temperature coupled to the bottom bed model at /=H.

SOURCE TERMS

Figure 4 presents the main conversion processes in an FBG. A biomass particle undergoes a series of
conversion processes: initial drying and devolatilisation, subsequent oxidation and reforming of volatiles, and
gasification of char. Fuel and char particles are affected by fragmentation and attrition that take place together
with chemical conversion. We review these processes and the way they have been treated in published models.

PRODUCT
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H,

CH,
H,0
Gyt
Tar

Fly ash

¥
BOTTOM ASH

Fig.4 The main conversion processes in an FBG

Mass and heat transport at particle scale in FBG
The rate of transport of heat and mass from the bulk gas (in the emulsion of an FB) to the surface of a
particle is calculated from the outside gradient of gas at the particle’s surface (+s)

991 =Nu and %G, =Sh (23)
oX|,, ox
where X=x/x,, 0 = (T-Is)/ (TsTg) and Ci= (ci— Cgin)/ (CsiCgico) are the dimensionless size, temperature, and
concentration of species i. Nu and Sh are the Nusselt and Sherwood numbers defined as Nu= Ax,/4; and
Sh=hx,/D,,;. The temperature and concentration of the gas far from the particle are Ty, and cg and at its
surface 7, and cy. Heat and mass transfer coefficients (Nu and Sh) for a fuel particle in an FB of inert particles
have been summarized by Leckner (2006).
Eq. (23) can be formulated as gradients of 7 and ¢; at the internal face of the particle surface (-s),

o0 9%l _pi, (24)
ox

+5

= lh
» ox|,

Biy, and Biy, are Biot moduli for heat and mass transport, defined as Biy, = /xy/As and Bip =fyxo/Ds;. If Biy
and Bi,, are >>1, the external mass and heat process are rapid enough not to limit the rate of supply of mass and
heat to the particles. In this case T, and cgi equals T, and cg and the rate is calculated by modelling the
internal process in detail. When Biy and Biy, are <<1, the opposite holds, the external rate of mass and heat
transport determines the rate, so the accurate calculation of # and /1, is important. In the intermediate case,
when Biy, and Bi=1, both external and internal processes must be taken into account.

In FBG or FBC, devolatilisation of fuel particles is caused by thermal degradation and heat supply plays a
fundamental role, whilst the transport of mass is of secondary importance. The essential external film
coefficient to determine is then 4. In contrast, transport of the gas component i in the emulsion into a char
particle is the relevant process for gasification of char; in this case heat transfer plays a secondary role, since
the thermal gradients at particle scale are smooth. Therefore, the external film coefficient to determine is /.
Fuel particles are relatively large, so intraparticle diffusion is often the rate-limiting process for mass transfer.
On the other hand, the conversion of fine char particles by gasification in an FBG is limited by both
intraparticle and external mass transport.

Drying and devolatilisation
Extensive surveys on pyrolysis chemistry and its kinetics are available (Roberts, 1970; Agarwal and La
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Nauze, 1989; Moghtaderi, 2006; Di Blasi, 2008). Several reaction schemes are formulated: one-step, or
competing reactions, including secondary reactions (Di Blasi, 2008). Due to the complexity of reaction paths
and generation of products the detailed kinetics are not yet clearly known. Experimental kinetic data vary
widely, even for a given biomass such as wood, as realised early by Roberts (1970).

Pyle and Zaror (1984) classified the regimes of pyrolysis in terms of Bi, =AR/A; and an inverse
Damkéhler number that they called Pyrolysis number, Py, defined as the ratio of the rates of heat conduction in
the particle and devolatilisation Py=/15/(kpR2pscps). For thermally large particles, pyrolysis is controlled by
internal heat conduction, Bip>>1 (say Bi, > 50) and Py<<1 (say Py < 10™). A thin reaction zone (a char/wood
front) penetrates into the virgin solid with a rate completely controlled by the internal heat transfer. When
Biy<< 1 intra-particle gradients are negligible. This is the regime of thermally small particles; two extreme
types of behaviour may occur in this situation depending on the product BinPy=A/(k,R pscps). On the one hand,
for BiyPy<< 1 external heat transfer to the surface of a particle controls pyrolysis. In this case the
devolatilisation kinetics is so fast that carbonisation is uniform throughout the particle. On the other hand,
BiyPy>>1 corresponds to pure kinetic control. For intermediate values and when all parameters are large, a
more complex description is necessary and all processes should be taken into account to describe the pyrolysis
by formulation of advanced particle models (Chan et al., 1985; Miller and Bellan, 1997). In an FBBG fed with
relatively large fuel particles, the situation is roughly Biy > 20 and Py = 0.1, so the situation is close to be
controlled by internal heat conduction, although kinetics and heat transfer to the particles' surface still have
some effect. When gasifying wet fuel particles, the devolatilisation times can be delayed significantly by the
presence of water. In general, devolatilisation and drying occur sequentially for small particles and in parallel
for larger particles. Several studies have established limits to quantify this. Various extreme regimes can be
distinguished by another dimensionless number, the Drying number, Dr (Thunman et al., 2004).

The time of devolatilisation, including drying, is measured for the type of fuel and range of particle size of
interest and evaluated by a correlation, containing two coefficients a; and a, together with the characteristic
dimension d of the fuel particle, = a;d a (Ross et al., 2000, de Diego et al., 2003; Sreekanth et al., 2008). The
constants have some physical meaning as can be seen from a derivation of the times for drying and
devolatilisation of thermally small particles or thermally large particles. The first constant, ¢;, is related to the
specific fuel and the second constant, a,, to the physical process. Theoretically, a, approaches unity if the
process is limited by the thermal process. If the process is controlled by the kinetics of devolatilisation,, a,
approaches zero. For thermally large particles a, approaches two. These numbers are approximate because
other processes are also present, such as swelling or shrinkage of the particle, temperature dependence of the
physical data, and convective flows within the fuel particle. However, according to empirical experience for
most fuels in combustion or gasification devices, the constant a, ends up in the region of 1.5 to 2.

Particle models predicting theoretically the time of devolatilisation, the yields of char, gas and tar, are
available (Chan et al., 1985; Miller and Bellan, 1997; Peters and Bruch, 2003; Sreekanth et al., 2008). In FBBG
modelling, however, empirical correlations or experimental data are employed to characterise the
devolatilisation step. This is probably because particle models are complex and time-consuming and need a
great amount of input data, and because they do not predict the composition of the products released. Then,
simplified approaches based on experimental information have been applied for modelling and simulation of
FBBG, where the fractions of char, tar and gas (and the composition of main species in the gas) are estimated
(Radmanesh et al., 2006; Souza-Santos, 1987, 1989, 2004). Sometimes prediction is made on the instantaneous
yield of gas and its composition, but most cases estimate the final (accumulated) value of these quantities.
Kinetic models and measurements are available for various biomasses, especially for woody biomasses
(Hajaligol et al. (1982), Nunn et al. (1985), Boroson et al. (1989), Rath et al. (2002), Jand and Foscolo (2005)).
Some FBBG models have assumed even simpler devolatilisation models, assuming that the gas is in
equilibrium (Bilodeau et al. (1993)), an approach that does not seem to be realistic under FBG conditions.
Other authors (Sadaka et al. 2002) developed empirical models to predict the composition of the gas released
from the pyrolysis zone. These models are simple enough, but the empirical data selected to close the balances
seem very case-specific. Thunman et al. (2001) formulated a lumped particle model with three adjustable
empirical relations dedicated to both FB and fixed bed conditions.

Chemical conversion of char

The rate of char conversion in an FBG is influenced by a number of variables: char temperature, partial
pressure of the reactants and the products, particle size, porosity, mineral content of the char, etc, some of
which vary with time due to chemical conversion and attrition. Therefore, char reactivity depends on the parent
fuel from which the char is obtained and on the form of preparation, especially the heating rate and peak
temperature (Buekens and Schoeters, 1985).

To estimate char conversion in an FBG, three main aspects have to be taken into account: the intrinsic
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reactivity of the char, the reactivity of a char particle of finite size and the distribution of char particles in the
bed having different extent of conversion. The reactivity of a char sample at time ¢ is defined as:
r =_Ldmc _ 1 dx, (25)
m, d (1-x) dt

By varying the concentration c of the reactant gas (O,, HO, CO, or H,) and the temperature T, the rate of
the char-gas reaction is fitted against measurements by assuming a Kinetic law, often of 7y, order, r,=kxc",
where k, is a kinetic coefficient. The reactivity can also be defined per unit of reacting surface, r,=kac". The
rate coefficient ko (as well as &,) is related to temperature via an Arrhenius expression. To relate r,, and ra, the
total reacting surface area per unit of mass 4, is introduced, r,,=4,7a. A distinction is sometimes made between
the internal (4;) and external (4.) areas of a particle, so that 4,= A;+4.. The change in reactivity during
conversion is described by the variation of 4, while k4 is assumed to depend on temperature and concentration
only. A practical way to describe this effect is to relate 4,to a reference state of conversion (“0”), using a
structural profile AX), A,=Ag0AX).

Most char particles in an FBG have a macroscopic size, typically from 0.5 to 5 mm, so a model is required
to obtain the overall reactivity of the particle r,, from the intrinsic reactivity, taking into account the reactivity
at position z within the char particle. For a spherical char particle of radius R, r,, can be computed as:

R(t) 3p A R(t)
=3 j r,(t,2) 2 dz = % j kc"(1- X) f(X)Zdz (26)
0 0

rV,p R 3

where the intrinsic reactivity used in Eq. (26) is expressed per unit of volume, that is r,=pcrm= pcrad,. To obtain
the local concentration c(z,f), the temperature 7(z.f), and the conversion X(z,¢), the conservation equations for
the gas species and temperature, together with the solid carbon balance have to be solved for the char particle
including the boundary layer surrounding the particle.

According to the classical plot of » vs. 1/T, various regimes (Regimes I, I, IIT) for conversion of char can
be distinguished (Laurendeau, 1978). Representations of the conversion of char are shown in Fig. 5. A spherical
particle has been assumed for simplicity. Case (a) is the uniform conversion model (UCM) where the reaction
takes place throughout the char particle. This is Regime I when the rate of gasification of a single char particle
can be calculated from the intrinsic reactivity evaluated for emulsion conditions r,=rv.. In the surface reaction

(a) Uniform conversion model (HCM)

%%;
%%

- x,(t) and p.(t) but uniform
—d=cte=d,,

(b) Shrinking unreacted particle medel (SUPM)

— Reaction at particle surface
@ o - =
- dp = ‘#0(1 'xc)]B

— Valid for non-porous char
(c) Shrinking unreacted core medel (SUCM)

()

(d) Progressive model with shrinking (reacting) particle (PMSP)

. =

— Reaction at core surface
~d, = d (I-x )"

—d=d, but d=d (1)

— Valid for non-porous char

— Extension of SUPM
for porous char

—d=d, but d=d(t
- Extens1on of SUCM for
porous char

- >
Time

Fig.5 Single char-particle conversion models
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models (Cases (b) and (c), Regime IIT) the reaction takes place on the external surface of the particle. The
useful kinetic coefficient is ka, and there is no need for a complex description of the development of the
internal area: the reaction surface is 4.. Two cases are distinguished according to the ash behaviour during
conversion: the shrinking unreacted particle model (SUPM (Case (b)), where the ash formed peels off
instantaneously, and the shrinking unreacted core model (SUCM, Case (c)), where the ash formed remains
attached to the particle. Extension to porous chars can be handled with progressive models (PM) with shrinking
particle (PMSP) and with shrinking core (PMSC), shown as Cases (d) and (e) in Fig 5. In these two models the
reaction takes place in a reaction zone, which grows inwards during the progress of reaction. The difference
between the two models is in the behaviour of the ash, which is removed in the case of the PMSP, whereas it is
maintained in the PMSC.

The char in an FBBG is not much converted by oxygen because this is rapidly consumed by the volatile
gases, and the contribution of combustion to the overall char conversion is small. The combustion of char is
controlled by external diffusion (Regime IIT) and the reactivity of a particle is rmp=4chmpe. The reaction takes
place in a very thin layer in the particle close to the external surface. Therefore, in char combustion
sharp-interface reaction models are often adopted (Cases (b) and (c¢) in Fig. 5). This greatly simplifies the
solution, since 4. can be directly correlated with the conversion x; as indicated in Fig.5. A description of the
internal surface and the pore development during conversion is not necessary in any of these cases. In contrast,
during the reactions with CO, and H,O, the reaction zone occupies most of the char particle, and the interior
surface changes significantly (internal area and catalytic effects). The intermediate regime, Regime II, is most
likely to occur during gasification. To handle this case, a model accounting for the local degree of carbon
conversion, reaction area, gas concentration, and temperature is essential. A procedure to estimate the
gasification of single char particles has been published by Gémez-Barea et al. (2007, 2008).

The calculation of the overall reactivity in the bed, s has to take into account the distribution of char
particles in the bed, each having the reactivity #y p(xc). Most FBG models assume that r, g can be approximated
by the reactivity evaluated at the average conversion in the bed, x. 5. To assess this approximation, a factor Q2 is
introduced as Q2= rnp/ rmp(x.s). £ indicates the error made by using x.p to evaluate rn, instead of the actual
one in the bed ry, 5. When Q~1, the distribution of conversion has a small impact on the average reactivity in the
bed, and a population balance is not necessary. The simplification 2~1 has been investigated by Heesenk et al.
(1994), Caram and Amundson (1978) and Gémez-Barea et al. (2008). In general, 2 depends on (1-X)AX) and
7, the latter being an effectiveness factor accounting for the impact of diffusion and the change in porous
structure on the reactivity. The effect of £, while applying a variety of (1-X)AX) expressions for char
gasification, has been analysed by Gémez-Barea et al. (2008). The general conclusion is that a population
balance is not necessary at low conversion, and so, it seems not to be necessary for the modelling of a
hypothetical char combustion zone with a distribution of char particles. However, it may be necessary for the
evaluation of the overall char gasification rate for some chars, if relatively high conversion is attained in the
reactor.

Comminution of solid particles

Fuel size is reduced by shrinkage during devolatilisation, primary fragmentation, secondary and
percolative fragmentation of char, and fines generation by abrasion. The attrition behaviour can be different
from one fuel to another. It is difficult to infer attritability from fuel properties, so it has to be characterised by
experiments (Chirone et al., 1991). Inclusion of attrition in the population mass-balances given above is rather
complex, demanding detailed knowledge of the mass-flow rates from each particle-size class to all of the other
classes of the actual fuel-particle size, i.e. models of the terms /7,; in Eq. (15). For inert material and catalysts,
attrition can be characterised by abrasion, and the description of this mechanism has also to be considered.

Due to the complexity, the description of comminuition in general is out of the scope of this review. Here,
a qualitative description is given of the key quantities, showing the essentials of attrition modelling and the type
of input necessary for first estimates. The simplified treatment of FB combustion of coal char by Arena et al.
(1995) and of biomass char by Scala et al. (2006) is extended to FB gasification. Primary fragmentation and
particle shrinkage, considered to be instantaneous, affect the size distribution of char and reduce the average
diameter. The relationship between the original fuel size, d; and the average size of the fragments of char after
devolatilisation, da 9, can be formulated as dep o/dr= (¢/n1)1/ 3, o being a shrinkage factor, defined as p=psYcv/pch,
and n, is the number of fragments after primary fragmentation (immediately after devolatilisation) (Scala et al.,
2006). ps and p, are the density of the initial fuel and that of the resulting char, and Y, is the fixed carbon
fraction of the fuel. The average diameter of the char in the bed, du ., is assumed to be the result of two
independent processes, one accounting for chemical reaction and the other for fragmentation by the
approximate relation:
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1

d,5/d; ~(9/nm,,)) o (27)
o is a factor that depends on the mode of combustion and 7, ,=(1+7,)/2, n, being the number of fragments
during secondary fragmentation experimentally determined (Scala et al., 2006). In the calculations, the change
in size caused by generation of fines by attrition can be neglected because peripheral percolative fragmentation
dominates rather than mechanical attrition during biomass char conversion in FBG. The fines generation is then
neglected for the estimation of the char diameter in the bed, but the rate of conversion (Scala et al., 2006) is
enhanced, and this is accounted for by an enhancement factor (1+ a) that can be determined by measurements
under the operating conditions of interest. ¢ in Eq. (27) should be estimated according to the mode of
conversion of the particle by a simple solids population balance. For combustion according to the shrinking
core model controlled by gas-film diffusion, o ranges between 0.78 and 0.80 (Arena et al., 1995). For char
conversion in gasification reactors, ¢ can vary more, depending of the reaction order and intraparticle mass
transfer effects. To sum up, for the estimation of the average particle size in the bed, d,p, one has to measure
ny, My, @. It is expected that n; and ¢ do not change from combustion to gasification due to the difficulty of
oxygen to penetrate the front created by volatiles during devolatilisation. In contrast, 7, ,, can be different
under oxidising conditions due to the possible enhancement of fragmentation and attrition by oxygen.

Kinetics of homogeneous reactions

Homogeneous combustion of volatile species (HVC) and the water-gas-shift reaction (WGSR) may have a
great impact on the outlet gas composition, carbon conversion and gasification efficiency. On the one hand,
HVC determines the behaviour in the so called flaming pyrolysis zone, a high temperature zone where the
biomass is rapidly devolatilised and oxidised, yielding char and volatiles (light gases and tars). On the other
hand, the WGSR together with the heterogeneous conversion of char with CO, and H,O determine the final gas
composition and carbon conversion. Therefore, both HVC and WGSR are key steps in biomass conversion that
should be properly modelled. The rate of HVC has a strong impact on FBG of high-volatile fuels, such as
low-rank coals and biomasses and wastes (Yan and Zhang, 1999).

One could imagine that the reaction rate and the kinetics of the homogeneous reactions are well known,
but this is not the case. The reactions between the stable chemical species involved in the homogeneous
reactions are a complex combination of several elementary reactions, so they have been determined
experimentally. However, there is a great variation between the expressions for the same reaction, and therefore
a preliminary screening of the various kinetics of the HVC is needed in the modelling of FBBG, especially the
oxidation of CO and H,. No publication has been found that assesses the effect of this choice of kinetics on the
final performance of the FBBG. The uncertainty in the choice of the WGSR kinetics is of less concern than
those of the HVC. Other homogeneous reactions, such as (non-catalytic) steam reforming of methane are slow
under normal conditions in FBBG and the choice of kinetics seems to play a minor role. Other homogeneous
reactions involving tar species are discussed below.

Conversion of tar

Tar is a large number of hydrocarbon species, usually heavier than benzene, whose properties differ widely
among each other. Operational factors like the ratios of air/oxygen, steam/biomass, catalyst/biomass, and
design details like bed and freeboard height, have major effects on the amount and composition of the tar
compounds (Kinoshita et al., 1994; Milne et al., 1998; Brage et al., 2000). Other design data, such as point of
introduction of fuel, staging of the gasification agent (for instance secondary injection), determine the effective
contact time of the tar in the various zones of the FB and, thus, the final composition of the tar (Devi et al.,
2002). Gomez-Barea and Leckner (2009) have summarised ways to determine the tar composition and
concentration by modelling. Despite the great effort made to understand the reaction mechanisms of tar
compounds, the complexity of the process makes it difficult to develop comprehensive models, and the tar
conversion models are still quite empirical. To date it has not been possible to predict the composition of tar in
the outlet gas. Only quantitative estimates of the overall tar concentration have been reasonably well achieved.

In practical operation of FBBG the conversion of tar with oxygen is limited because tar competes with
light gases and char for the oxygen, and the light gases are more reactive than tar. Then, in FBBG operation
without catalysts in the bed, depending on temperature, thermal cracking partially converts the tar in the reactor.
The kinetics reported in literature for thermal cracking vary widely, and the selection of kinetics is critical. With
a catalyst present, the catalytic reactions are usually more rapid than thermal cracking, so a correct prediction of
tar in the outlet gas is likely to depend on the accurate choice of the catalytic kinetics. The selection of kinetics
for thermal cracking should not be essential in such a case. When diffusion effects within the catalyst particles
are rate-controlling, detailed description of the heterogeneous model process at a particle level, i.e. a particle
model, could be critical. In both cases, the kinetics, the type of biomass, and the conditions for which the
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experimental data have been obtained, should be carefully analysed. The overall conclusion is the same as for
homogeneous reactions: in developing and validation of reaction models, it is not enough to report the
assumptions made and the kinetic expression used. All reactor models taking “external” kinetics or kinetics that
have been obtained under conditions differing from those of the FBBG to be modelled, should include a
sensitivity analysis to elucidate the degree of uncertainty in the tar concentration of the outlet gas. This is
lacking in all FBBG models published up to date. A great deal of work is still needed in this area.

REVIEW OF LITERATURE FBBG MODELS

A detailed review of some selected FM of FBBG (Nikoo et al. (2008), Ramanadesh et al. (2006), Sadaka
et al. (2002), Fiaschi and Michelini (2001), Bilodeau et al. (1993), Jiang and Morey (1992), van den Aarsen
(1985) and Raman et al. (1981) for BFBBG and Corella and Sanz (2005), Petersen and Werther (2005), Liu and
Gibbs (2003) and Jennen et al. (1999) for CFBBG), published up to date has been presented by Gémez-Barea
and Leckner (2009). Based on that survey the sophistication and the hypotheses made by modellers can be
assessed to provide an idea on the ability to predict measurements: (1) Most models are one dimensional and
steady state, and the fluid-dynamics are based on the two-pase theory of fluidisation with some modifications.
(2) The freeboard is not modelled in many BFBG models, but for CFBBG it is taken into account. (3) A
common assumption is instantaneous devolatilisation of the fuel. The composition of volatile species is not
clearly reported by some authors. In some cases correlations are used from other biomass materials or even
from coal. (4) A majority of modellers have not paid sufficient attention to char conversion, neglecting the
effects of mass transfer in the particle, the change in reactivity during char gasification, and the distribution of
conversion in the bed. (5) Fragmentation and attrition of fuel and char have only been treated in one model. (6)
Tar conversion is not usually modelled or modelled as one or two lumped species reacting by oxidation,
thermal cracking or reforming with H,O. (7) The effect of in-bed catalysts has been modelled by some authors,
but not in a comprehensive way. (8) Most experiments are only validated by the temperature and composition
of the outlet gas stream. (9) In general, models predict the main gaseous species reasonably well. However,
only a few test runs (sometimes only one) have been used for validation. (10) All models have been validated in
lab-scale FBs, where the fluid-dynamics can differ from full-scale gasifiers. Many fluid-dynamic correlations
are taken from studies involving Geldart A particles (mainly from FCC catalyst) and can differ greatly from
what is valid for Geldart B particles, normally employed in FB gasifiers. (11) In almost all models a valuable
sensitivity analysis is made to study the effect of some variables. (12) Most models are learning models
according to the classification of van Swaaij (1985). Development design-models are more rarely dealt with.
The only model of this kind is the one of Petersen and Werther (2005). It is also possible that the model of
Corella and Sanz (2005) could be used for design purposes, but the published details are not sufficient to assess
this ability. The models of Hamel (2001) (HM) and Souza-Santos (1987, 1989, 2004, 2007, 2008a, 2008b)
(SSM) have been developed in a general way and seem to be the most advanced FM developed up to date,
although details of these models still need improvements (Goémez-Barea and Leckner, 2009).

From the data and analysis presented, the following main conclusions are outlined: (1) Pyrolysis or
devolatilisation is a key step, affecting greatly the model results. To support a reliable model, measurements of
the gas composition and yield of pyrolysis in laboratory scale at high heating rates with the biomass of interest
are required, if such results are not available in literature. (2) Char and tar conversion are the processes whose
modelling is least satisfactory. A great research effort is still needed to improve the tar chemistry. Char
conversion chemistry is well known for biomass and coals, but published reactor models do not deal with this
information: char conversion should be modelled in a more rigorous way. (3) Validation has not been
sufficiently detailed. There are still uncertainties about the model structure. There is no validation against
commercial-scale equipment. (4) The SSM and HM are the most advanced models published up to date for
simulation. In the case of SSM, the modelling of CFBBG is still uncertain and further details should be
reported. The HM seems to be valid for both BFBBG and CFBBG, especially for coal. (5) The reliability of
these models for simulation of large-scale FBGs is as valid as the semi-empirical correlations used for the
development of the fluid-dynamics.

CONCLUSIONS

The most relevant phenomena to be considered in modelling of FBBG were reviewed, including
fluid-dynamics and chemical conversion processes. The fields where further research is needed were identified.
Devolatilisation and conversion of tar and char are the processes that still require major modelling efforts. The
survey of published mathematical reactor models for biomass and waste gasification in FB shows that most
FBBG models fit reasonably well selected experiments, but there are few measurements available for detailed
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comparison with the models. Validation of models with full-scale FBBG units is necessary. In addition, the
scaling-up of results obtained in laboratory FBG to large-scale units and the consideration in the models of the
specific characteristics of waste and biomass fuels have to be addressed in future models.

NOTATIONS

A area, m>

Ageq  total/ext./intern. area density, m? kg

ap area to volume ratio in a bubble, m’!

a decay constant due to clustering flow, —
Bip, Biot modulus for heat and mass transport,
D diffusivity or dispersion coeff., m?s!

d diameter, m

dy bubble size, m

dp solid particle size, m

Da Damkdohler number, —

c gas concentration, kg m?

C dimensionless concentration, —

F mass flow rate, kg g7
foex  bed expansion factor, —
f structural profile,-

g acceleration of gravity, ms™

G mass flux, kg m?s™

H riser height, m, specific enthalpy, kJ kg'1
H, height of the bed surface, m

H; enthalpy of species i, kJ kg™

h vertical coordinate along the riser, m

h gas-solid heat transfer coeff., Wm" 251
I gas-solid mass transfer coeff., ms 1

e bubble-emulsion heat coeff. W m?s

how bed to wall heat transfer coeff., W m?2g!
ke bubble-emulsion mass transfer coeff., s 1
ky back-flow ratio, —

k kinetics coefficient, (various units)

K decay constant due to transport flow, —
m mass

MM  molecular mass, kg kmol!

Nu Nusselt number, Nu= /x,/Ag, —

ng:  number of gas-gas reactions

Mrchar  NUumber of gas-char reactions

ng number of fed streams

Pws number of withdrawal streams

nyp  number of species
J2 pressure, Pa

Py Pyrolysis number, P}/ As (pc, Xo kpyr), —
Qloss heatlossrate, k] s

R rate of reaction, kg m>s’

R;; reaction rate of sp. i in reac. j, kg m s
Vm char reactivity per unit mass, kg s’ kg

¥4 char reactivity per unit area, kg s 'm

y char reactivity per unit volume, kg s 'm?
Sh Sherwood number, Sh=fx0/Dg,;, —

t time, s

T temperature, K

U fluidisation velocity, gas velocity, m gt
U dimensionless velocity, —

Uy bed-wall heat transfer coeff., W m2s!

3

14 volume, m

Xo characteristic length, m

X dimensionless distance, local conversion
X conversion, total, X local, -

x mass fraction, kg kg

Yen fixed carbon in the fuel, kg kg

zZ position in a particle

Greek letters

I'mjoss attrition loss of m,/-class particle, kg s

I gain attrition gain of m, [-class particle, kg s B

AF,; emulsion->bubble net gas flow, kg m’ 3

AF,g; emulsion->bubble i-gas flow, kg m Sl

€ volume concentration or porosity, m’ m”

1) shrinking factor, —

Vij stoichiometric coeff. i species, reaction j

Q factor to asses the distribution of conversion
of char in the bed, —

p mass concentration or density, kg m>

Om volume fraction of solid m, m’ m”

reaction rate of m,/-particle, kg m>s?

m,l
6 dimensionless temperature,—
Subscripts
A area

b bubble, back-flow
br rising bubble
B bed (bottom bed)

C core
dev  devolatilisation
e emulsion, effective, external

ext external or exterior
ent entrainment

F freeboard

g gas, total area

g gas-gas reaction
g

S gas-solid reaction
h horizontal or radial
in inlet, entering the system
i type of gas, internal
1 size level of a PSD
m type of solid, mass
mf  minimum fluidisation
o at the top of the riser (out) (A=Hy)

out  outlet, leaving the system

pyr  pyrolysis

rec  recycling stream

8 solid

v vertical or axial, visible (applied to velocity
and flow), volatile matter, volume

t terminal (applied to velocity)

T total

X at bed surface
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0 superficial, initial, inlet FB fluidised bed

w wall FBG fluidised bed gasifier/gasification
) gas bulk condition FBBG fluidised bed biomass gasifier
Some abbreviations FM  fluidisation model

CFB circulating fluidised bed PSD particle size distribution

BFB bubbling fluidised bed
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POTENTIALS OF BIOMASS CO-COMBUSTION IN
COAL-FIRED BOILERS

J. Werther

Institute of Solids Process Engineering and Particle Technology
Hamburg University of Technology
D 21071 Hamburg, Germany

Abstract: The present work provides a survey on the potentials of co-combustion of biomass and
biogenic wastes in large-scale coal-fired power plants. This allows an energetic utilization at a
high level of efficiency which is not obtainable in small-scale dedicated biomass combustors.
Co-firing at low percentages of the thermal power (typically below 5-10%) avoids the
characteristic operating problems of biomass combustion, i.e. ash sintering and fouling of heat
transfer surfaces. Co-firing of biogenic wastes is already widely practiced in Germany, non-waste
biomass like forest residues are for subsidy reasons combusted in small dedicated
mono-combustion plants. A future increase of co-combustion may be associated with the
upgrading of biogenic wastes with high water content to biofuels by drying. Such biofuels could
substitute more expensive coal and save on CO, emission certificates. In the more distant future
biomass co-combustion may help in the CO, scrubbing process by lowering the target level of
CO;, absorption efficiency.

Keywords: biomass, co-combustion, large boilers, biofuel

INTRODUCTION

In March 2007 the European Union (EU) summit endorsed the Commission’s Renewable Energy
Roadmap which sets a binding target of increasing the level of renewable energy in the EU’s overall mix from
below 7 % today to 20 % of the primary energy consumption in 2020™. In January 2008 the Commission
presented a proposal for a directive to reach this target. The proposal is now forwarded to the EU Council and
Parliament for approval. First half of 2009 is the target date for the adoption of the legislation and March 31,
2010 is the deadline for the EU member states to present National Action Plans (NAPs) on renewables. These
are ambitious goals which will certainly undergo modification when the bargaining of the member countries
starts.

In Germany the Government’s goal is to increase the share of renewables in the electricity consumption to
12.5% by 2010 and to 20 % by 2020, For 2007 a recent communication by the German Ministry of
Environment”®! states that the share of renewables in the primary energy consumption was 6.7 %. Usage of
renewable energies was reported to have avoided a COy-emission of 115 million tons in 2007°. The biggest
contribution to primary energy supply was from solid biofuels which accounted for 34.6 % of the renewables’
share.

These figures indicate that there is a strong political will to achieve a sustainable energy supply via
renewable energies among which the energy from biomass plays a dominant role. Behind the term biomass is
hidden a multitude of materials which can be converted to energy in a multitude of different ways. Fig. 1 which
was taken from a book by Kaltschmitt et al.l* gives a good illustration of this variety. Not all of these
technological options are economically feasible. Moreover recent political developments have shown that the
bioenergy pathway starting from energy crops is highly questionable because of its unavoidable collision with
food production. Therefore, in the following energy crops and their energetic usage will not be discussed.

The present work is devoted to the very traditional combustion route, however, in a special application,
namely the co-combustion with coal in large-scale power stations. The term “large scale” means here the range
of power stations operated nowadays by utility companies, starting with the 100 MW thermal circulating
fluidized bed boiler operated by a local utility for heat and power cogeneration and going up to the huge
1000 MW electric pulverized coal boiler. In the following the incentives for co-combustion of biomass with
coal in large-scale power stations will be discussed first. Then, after examining the potential of biomass for
co-combustion the characteristics of different types of biomass as fuels will be highlighted before
mono-combustion vs. co-combustion will be treated.

Since the technologies for the energetic usage of biomass are largely dependent on political boundary
conditions given by laws and subsidies the following work is focused on applications in Europe and more
specifically, in Germany.
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Fig.1 Possibilities of energy provision from biomass (after[4])

INCENTIVES FOR CO-COMBUSTION

In 1997 the electricity market in Germany was liberalized by law. The former monopolistic structure with
each utility being in charge for a well-defined supply area was suddenly no longer existing and competition
started. As a consequence the interest of utilities to generate additional income or to lower the electricity
generating costs increased drastically. Therefore, there is a strong incentive for using cheap fuels now which
can substitute at least partially the base fuel coal. The best fuels in this sense are those which are available at
negative costs, i.e. wastes which are taken for disposal. This economical incentive for co-combustion is still
getting stronger because the price of coal is steadily increasing. For example, Basler!™ recently reported an
increase of the coal price of over 70 % from 1999 to 2006. A further jump by a factor of nearly 2 has occurred
in 2007 following the increase in oil prices.

The second incentive to use biomass for co-combustion is, of course, the sustainability aspect: recently
generated C substitutes fossil C. The monetary side of this aspect is that the substitution of coal will reduce the
number of CO,-emission certificates which are required to operate the plant.

A third incentive is the plant efficiency. The large-scale coal-fired power stations have electrical
efficiencies up to 40-44 % whereas the usually much smaller mono-combustion plants have efficiencies of at
most 30 %. In this way by co-combustion significantly more electricity can be generated from a given amount
of biomass.

Some biomasses like straw, for example, are available seasonally only. The advantage of co-combustion in
the case of non-availability of the biomass is that switching back to the base fuel is easily possible.

A fourth incentive is the well-known economy of scale. The specific investment costs as well as the
operating costs decrease with increasing size which is an economic advantage of co-combustion in a large
boiler compared with mono-combustion in a small plant.

At present, it has to be admitted that it is mainly the first incentive of getting a cheap fuel which has
prompted utilities to go into the business of co-combustion which in practice mostly means the co-combustion
of waste materials'®.

POTENTIALS OF BIOMASS FOR CO-COMBUSTION

As has been stated above, energy crops will not be taken into account because of the risk of collisions with
food production and it being unclear to what extent arable land is available. This leaves the biogenic waste
material as the main resource of biomass for co-combustion.

Table 1 gives a summary of the different biogenic residues and wastes which in principle are available for
co-combustion. A distinction is made between the theoretical potential and the technical one which considers
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that it is not economically feasible to collect all the waste which is theoretically available. For example the
usability of wood residues from forests depends on their accessibility. Furthermore there are ecological limits
for the usage of agricultural residues. For a sustainable agricultural production it is considered to be necessary
to leave up to 80 % of the straw on the field in order to keep the quality of the soil [9]. We see from Table 1 that
the technical potential of biogenic residues and wastes is considerable.

Table 1 Theoretical and technical-ecological potentials of biogenic residues and wastes in Germany (after [7,8])

Theoretical potential Technical potential
10°td.m./a 10° td.m./a

Residues from forestry, timber and paper industry (sawdust, bark,

. 45.6 42
waste wood, paper, paper sludge, forestry residues)
Agricultural residues ' o 667 327
(straw and other harvesting wastes, liquid manure)
Residues from flaying 0.9 0.9
(abattoir refuse, meat and bone meal) ) )
Residues from food industry 15 15
(laitance, blackstrap molasses) ’ ’
Waste industry 6.0 57
(waste textiles, biogenic wastes) ’ ’
Waste water treatment 23 22
(sewage sludge)
Total 123 85

It is interesting to compare these figures with the annual consumption of coal in Germany. In 1996 189
million tons of lignite and 74 million tons of bituminous coals were consumed in power stations 10 Comparing
the total number of 263 million tons of coal with the technical potential of 85 million tons dry matter of
biomass and considering the significantly higher heating value of the coals clearly shows that there is
considerable space for co-combustion. In summary, there are both strong incentives and possibilities for
co-combustion of biomass in coal-fired power stations.

CHARACTERISTICS OF BIOMASS AS FUELS

Characteristics of biomass as fuels are compared in Table 2 with those of coals. We see that the heating
values are generally lower but of the same order of magnitude as for coals. Significant differences are observed
in the content of volatiles: biofuels have higher volatiles contents, typically around 80 % based on the
water-and-ash-free matter. Significant differences are also obvious with regard to the ash content: wood has a
very low ash content whereas sewage sludge has an ash content in the water-free matter of around 50 %.

Table 2 Biomasses as fuels in comparison with coals (after [11], data for sewage sludge [12] and [13])

Fuel Lower calorific value Ash content Volatiles ‘Water content
MJ/kgwf* Yowf* Yowl* Y%oraw

Bituminous coal 29.7 83 34.7 5.1
Lignite 20.6 5.1 52.1 50.4
Spruce wood 18.8 0.6 829 10-65
Wheat straw 17.2 5.7 71.0 16
Sunflower straw 15.8 12.2 72.7 16
Miscanthus 17.6 3.9 71.6
Digested sewage sludge

- dried 14.6 51.0 454 13

- mechanically dewatered 13.5 51.8 444 76

* water-free substance

Table 3 gives elemental analyses of different biomass and coals and Table 4 provides further insight into
the composition of ashes. Biomass is generally characterized by a lower content of carbon and a higher content
of oxygen. The sulphur content is generally low with the exception of sewage sludge where the higher content
is due to the dosage of S containing compounds in the sewage water treatment process. Striking are the low ash
softening points of straw and miscanthus which may cause serious problems in the combustion process. These
are generally attributed to the high content of alkalis, particularly potassium. Considerable progress has been
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made in recent years in the understanding of the complex phenomena of bed sintering, superheater fouling and
high temperature corrosion*l.

Table3 Elemental analysis of biomass and coals (after [11], data for sewage sludge from [12])

i c | B | o | ~N| s | kK |ca| p | a |Ad ;zf;‘;“i“g
Yowf* Yowf* °C
Bituminous coal 72.5 5.6 11.1 1.3 0.94 <0,13 1250
Lignite 659 49 23.0 0.7 0.39 <0,1 1050
Spruce wood 49.8 6.3 432 | 0.13 | 0.015 [ 0.13 0.70 0.03 | 0.005 1426
Wheat straw 45.6 5.8 424 | 048 | 0.082 | 1.01 0.31 0.10 0.19 998
Sunflower straw 425 5.1 39.1 1.1 0.15 5.00 1.90 0.20 0.81 839
Miscanthus 475 62 41.7 0.73 0.15 072 | 0.16 0.07 0.22 973
Digested sewage sludge 304 3.7 18.8 3.7 1.8 1200
(HT)**

*water-free substance, ** hemisphere temperature

Table 4 Elemental analysis of the laboratory ash (from [14], Abo Akademi data; the numbers give
weight per cent of the elements expressed as their most common oxides)

SUM

Fuel Sio; A1203 Fe¢03 TiOZ MnO C8C03 MgO PzOs NazO Kzo A ’
Forest residue 36.75 5.81 191 0.22 1.46 37.14 | 293 3.17 0.20 7.72 9732
Straw 58.49 0.39 0.33 0.03 0.00 21.10 2.13 3.53 0.25 13.59 99.84
Rice straw 69.88 0.28 024 0.01 0.57 6.16 1.55 1.53 0.40 15.26 95.88

Almond shells 6.22 0.98 0.66 0.06 0.05 3632 | 3.01 1.60 0.38 30.66 79.95
Olive residues 19.75 1.74 2.69 0.08 0.06 3650 | 1212 | 2.73 0.11 17.61 93.40
Sewage sludge 17.86 9.89 36.65 0.75 0.08 13.28 1.12 | 19.61 0.53 0.82 100.59
Coal 46.48 | 24.60 8.43 0.98 0.16 6.83 2.62 0.48 136 234 94.28

Hupa and his co-workers!"! have performed thermodynamic equilibrium calculations in order to elucidate
the chemical composition of the forming fly ash. In figure 2 the composition of the ash under combustion
conditions with an excess air ratio of 1.1 is shown as a function of temperature for the combustion of Salix, a
fast growing willow tree. The calculation used as an input the elemental analysis of the fuel and the chemical
composition of the flue gas. We see that above 900°C a liquid phase develops which consists of a mixture of
potassium carbonate and potassium sulfate which is in general agreement with the observation of low melting
ashes for some type of biomass.

16
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Fig. 2 Thermodynamic equilibrium calculation for the ash composition in presence of flue gas for the
combustion of salix ["*!
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When biomass is combusted in fluidized beds of quartz sand particles sintering of the bed material has
frequently been observed''”). Zevenhoven-Onderwater et al.'® have found that this effect is often connected to
the formation of molten or glassy alkali silicates on the surface of the quartz particles as a result of the chemical
interaction with the fly ash particles. As an example Fig. 3 shows a SEM picture of sections of bed particles
from quartz sand after they had been exposed to the combustion of sawdust. The white surface layers consist of
calcium and potassium silicates. The possible reaction at the quartz surface was described by

Si0, (s) + 2 KCl (g) + H,O (g) = K»Si0; (1) + 2 HCI (g).

Fouling and corrosion of heating surfaces are frequently observed in biomass combustion. They are caused
by the stickiness of the fly ash particles under high temperature conditions. Salt mixtures like the ones
occurring in fly ashes melt in stages when heated. Fig. 4 shows a melting curve for a salt which consists of a
mixture of sulfate and chloride of sodium and potassium!“. The figure is based on the Abo Akademi
thermodynamic multicomponent melt model which permits calculation of the percentage of liquid phase as a
function of temperature for a given mixture of typical inorganic salts in biomass ashes!"®° T, is the
temperature at which the first molten phase appears and which can be relevant for superheater corrosion. If the
superheater tube metal temperature is higher than the first melting temperature T, of the fly ash particles
deposited on the tube, the tube metal will be exposed to some liquid phase of the salt deposit[14]. Figures 5 and
6 show some practical examples of deposits found in technical combustors. In Fig. 5 deposits are presented on
the chill grid in the flue gas []zoath of a circulating fluidized bed (CFB) boiler for waste wood operated in
Hamburg by Vattenfall Europe®”. Fig. 6 depicts deposits on an electrochemical probe in the flue gas path of a
CFB boiler operated by RWE on their Berrenrath site!?!].
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Fig. 3 Sintering of bed material during Fig. 4 Calculated melti g curve for a mixture of sulfate and chloride
biomass combustion in the fluidized bed of sodium and potassium!'*'®*!

(combustion of saw dust in a fluidized bed of
quartz sand particles!'*!%")

;

(a) after 2 months operation (b) after 9 months operation

Fig. 5 Deposits on the chill grid in the flue gas path of a circulating fluidized bed boiler for
waste wood combustion™!
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Fig. 6 Deposits on an electrochemical probe in the flue gas path of a CFB boiler after 6 months of
21]

co-combustion operation
In summary it can be stated that each type of biomass has its special combustion characteristics. Some
types of biomass tend to form low melting ashes which may cause severe problems in the combustion process.

MONO-COMBUSTION VS. CO-COMBUSTION OF BIOMASS

The straightforward way to combust biomass, of course, is to burn it in a plant which is especially
designed for this purpose. Such a dedicated plant must, however, be adapted to the special characteristics of the
fuel. In particular, the risks of high-temperature corrosion of heating surfaces have to be considered by keeping
the metal surface temperatures at comparatively low levels. As a result the values of the steam parameters are
generally kept below the levels used in modern coal-fired boilers. For example, in Hamburgs’s recently built
20 MWe CFB power plant for biomass combustion the steam parameters are 90 bar and 500°C*?. The erection
of dedicated biomass-fired power plants is encouraged by the German government. Their
Ereuerbare-Energien-Gesetz (EEG Renewable Energies Law) subsidizes electricity generated in
biomass-fired power plants up to a size of 20 MWe.

A simple way to avoid the problems caused by biomass in a mono-combustion plant is to mix the biomass
to a small extent with the easier-to-operate fuel coal. The expectation is that if biomass ash is present at a low
percentage in the coal ash only its negative effects will not be significant. This is the basic idea behind the
co-combustion of biomass with coal in already existing large-scale power plants.

In this way the biomass combustion can make use of the high efficiency level of coal-fired power stations
which is due to the significantly higher values of the steam parameters. For example, the recently built
261 MWe unit no.6 of Turow/Poland which is a lignite fired CFB boiler of the Foster Wheeler design has steam
values of 196 bar and 565°C [23] and RWE’s modern pulverized coal fired boilers with an overall efficiency of
>43 % are characterized by 250 bar and 576 °C.

It should be noted, however, that in the case of co-combustion of biogenic wastes the power plant is
subjected to the emission regulations set forth in the 17thBlmSchV of August 19, 2003 (17th Amendment to the
Federal Immission Law) which is the German adoption of the European Union’s Directive 2000/76/EC for
waste incineration. The 17th BlmSchV is more stringent than the 13th BlmSchV which is normally valid for
power stations. In particular, it sets limits for the emission of substances which are not regulated at all in normal
power plant operation like mercury, cadmium and dioxins/furans. Whereas for co-combustion in the case of
SO, a mixing rule is applied which weighs the contribution of the waste to the plant’s thermal power, in the
case of mercury, for example, independent of the share of waste in the feed the limit of 30 pg/Nm? is valid for
the whole flue gas of the power plant. If this limit can only be kept by installing an additional flue gas cleaning
system this can make the co-combustion commercially unattractive for the power plant.

However, the sum of the advantages — highly efficient combustion, cheap fuel replacing more expensive
coal, CO,-neutral fuel, fuel flexibility, use of existing plant and infrastructure — has in recent years established
the co-combustion in several European countries with different applications which will be discussed in the two
following sections.

EXAMPLES OF BIOMASS CO-COMBUSTION IN EUROPE

In the Netherlands waste wood is co-combusted in a 635 MWe pulverized coal fired boiler located in
Nijmegen in a quantity of 60,000 t/a. The share of the biomass in the total thermal power is 4.5 %M,
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In Austria there exists in St. Andrd a pulverized coal fired boiler of 124 MWe where mainly bark is
co-ﬁre[clll.] The biomass contributes 10 MW thermal power which corresponds to 3 % of the total thermal
power" .

In England a total of 14 coal fired power stations (all pulverized coal) are practicing co-combustion. The
cumulative renewable electricity from biomass co-firing to November 2006 amounted to 6.2 TWhe. Types of
biomass used were dry granular or pelletized residues from palm oil and olive industries®!.

In Germany the situation is characterized by the presence of the EEG law which subsidizes the energetic
use of biomass in small dedicated mono-combustion facilities with an electric power not exceeding 20 MWe.
As a result no biomass which can be burnt in a so-called “EEG plant” will find its way to co-combustion. To a
smaller extent animal meal is fired in the Duisburg co-generation plant[%], waste wood and RDF in RWE’s
Berrenrath boiler’®! and also RDF in Flensburg in CFB boilers’®”). It has, however, become quite popular in

Germany to co-fire sewage sludge which will be discussed in the next section in detail.
CO-COMBUSTION OF SEWAGE SLUDGE IN GERMANY

Some general remarks

Sewage sludge is a biomass which is continuously produced and which has to be treated anyway. In 2006,
in Germany about 2 million tons dry matter of sludge were produced from which a half went into combustion
and the other half into landscaping and into farming where the sludge is used as a fertilizer'®®). Because of its
content of contaminants the use on farmland is decreasing.

A distinction has to be made between raw and digested sludge. Normally, the raw sludge will be subjected
to anaerobic digestion. In the digestion tower digester gas is produced which is subsequently burnt in a gas
motor or gas turbine for electricity and heat generation. The digestion — although not absolutely necessary since,
for example, in Berlin the raw sludge is directly combusted — has the beneficial effect that it stabilizes the
sludge which enables storage (for a limited time) and transport. The digested sludge is normally dewatered in
centrifuges to a dry matter content of roughly 30 %. In this form it is not a serviceable fuel because the raw
matter has a lower calorific value of 1.1 MJ/kg only. If it is combusted it is simply a means of disposal.
However, currently this is widely practiced in mono-combustion plants and with co-combustion.

An alternative is to thermally dry the digested and mechanically dewatered sludge to a dry matter content
of about 45 to 50% which allows an autothermal combustion of the sludge. This is practiced for example in
Hamburg’s sludge incineration plant VERA®, Comparatively rare is the thermal drying of the sewage sludge
to a residual water content <10 % which then leads to a useful fuel with a LCV of 13.8 MJ/kg. At present this
metho[cslo?f complete drying is practiced in 31 plants which are all located on the sites of sewage water treatment
plants™™.

Examples of power plants with co-combustion

As an example Fig. 7 shows the arrangement for the co-combustion of sewage sludge in the Heilbronn
power plant. This PC fired power plant is owned by EnBW Kraftwerke AG and consumes 1.2 million t/a of
bituminous coal as a regular fuel with 20,000 t/a of dry and 60,000 t/a of mechanically dewatered sludge being
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Fig.7 Co-combustion of sewage sludge in the Heilbronn power station !
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co-fired. As it is seen from the flowsheet the sewage sludge is fed together with the coal into the mills. No
special treatment of the flue gas is necessary. However, a strict quality control limits the content of
contaminants in the accepted sludges. For example, the Hg content is limited to 2 mg/kg d.m.

In Fig. 8 the flowsheet of the Berrenrath plant is shown which is owned by RWE Power AG. This is a CFB
boiler which is operated on lignite. The sludge is introduced together with the coal into the return leg from the
syphon to the combustion chamber which leads to an intense mixing with the bed material. In order to keep the
limiting value of the 17thBlmSchV for Hg in the flue gas an additional gas cleaning turned out to be necessary.
For this purpose an entrained flow adsorption with active coke was installed between the waste heat boiler and
the [gllectrostatic precipitator (ESP), which finally leads to a Hg concentration below 4 p‘g/m3 in the cleaned flue
gas

sludge : I waste ’_‘
storage I_ ~ heat stack
- boiler

N4

HE

adsorbent

coal

ash

Fig.8 Co-combustion of sewage sludge in the Berrenrath power station !

The relative ease of the co-combustion of sewage sludge has motivated a lot of power stations to step into
this business. As a result the capacity for co-combustion of sewage sludge in coal-fired power stations has
increased drastically within the last 10 years. Fig. 9 illustrates this development. At present, 18 hard-coal-fired
and 8 brown-coal-fired power stations in Germany use this opportunity (Fig. 10).
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Fig. 9 Development with time of the capacity for co-combustion of sewage sludge in German coal-fired
power stations (from [32])

A detailed investigation of co-combustion in the Duisburg power plant

A thorough investigation of co-combustion has been carried out jointly by the author’s group and
Stadtwerke Duisburg AG on their fluidized bed boiler [26]. In the framework of the EU-funded COPOWER
project it was investigated whether co-firing of one or more biomass or waste materials could provide synergy
effects which might affect the operating behavior of the plant in a positive way.

The Duisburg cogeneration plant was commissioned in 1985 as one of the first large-scale CFB boilers. It
has a rated thermal power of 252 MW and a maximum electrical output of 105 MWe. Fig. 11 shows a flowsheet
of this plant. In a measurement campaign over 12 days co-firing of bituminous coal from Colombia with
mechanically dewatered municipal sewage sludge and wood pellets was tested. Table 5 gives a comparison of
the fuel analyses. The sludge was pretreated with lime for stabilization which explains the high Ca content in its
elemental analysis.
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The campaign consisted of 4 test periods of 3 days each. In periods I and IV the plant was operated with

coal alone. In period II the sludge was co-fired. It was
pumped by a thick matter piston pump into the lower
part of the combustion chamber. In period III wood
pellets and sewage sludge together were co-fired with
the coal. The wood pellets were pneumatically
conveyed and blown directly into the lower part of the
combustion chamber. The aim of test series IV was to
check if the plant returned to the initial operating
conditions and emissions of test period I. During all
the tests the boiler was operated as close as possible to
full load. Table 6 gives an overview on thermal power
distribution and relevant mass flows in the different
test periods.

In Fig. 12 the pressure drop of the combustion
chamber Apcpg Which is proportional to the solids
inventory is plotted for the test periods I to III. During
the co-combustion of wood with sewage sludge and
coal a significant decrease in the solids hold-up of the
combustion chamber can be noticed compared to the
two previous test periods. This reduction by 15 %
leads to the positive effect of a reduction of the fan
power necessary for the fluidization of the bed
material. In addition, the vertical distribution of the
ash material is influenced by the fuels used as shown
in Fig. 13 where the relative pressure drop, which
compares the pressure drop Apiansport Of the transport

2

Fig. 10 Locations of power stations with co-firing of sewage
sludge (bituminous coal firing in black, lignite firing in grey;
from [32])

zone in the upper part of the combustion chamber with the total pressure drop Apcgg in the combustion chamber.
An increase of this ratio indicates that relatively more ash material has been accumulated in the upper part of

the combustor.
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Fig. 11 Flow diagram of the Duisburg boiler

Figs. 12 and 13 taken together indicate that the addition of the wood changes the particle population inside
the combustion chamber. The lightweight wood coke and ash particles are easily entrained and this increases
the external solids circulation. The relatively increased solids holdup in the upper part of the combustion
chamber indicates a finer mean particle size in the circulation loop which is beneficial for heat transfer

particularly in the external fluid bed heat exchangers.
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Table 5 Analysis of fuels used during the Duisburg tests

coal ‘El Cerrejon’ sewage sludge wood pellets
LHV M1J/kg(waf) 31.98 22.39 18.72
water wt.-% (raw) 1539 74.3 93
ash wt.-% (wf) 103 448 0.5
volatiles wt.-% (waf) 419 88.8 84.9
C wt.-% (waf) 81.0 5591 51.4
H wt.-% (waf) 6.01 7.45 6.1
(0] wt.-% (waf) 10.7 * 26.85 * 4247 *
N wt.-% (waf) 1.5 ** 7.3 ** 0.03
S wt.-% (waf) 0.79 249 <0.01
Ca wt.-% (wf) 0.23 23 0.06
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Fig. 12 Total pressure drop in the combustion chamber
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Fig. 13 The ratio of the pressure drop in the transport zone Apyansport Which occupies the upper half
of the combustion chamber to the total pressure drop Apcgg

In Fig. 14 the time dependence of the NOx emissions during the test periods is plotted. The level of
concentrations is comparatively low for a CFBC. Since the Duisburg combustor is not equipped with heat
exchanger tube walls a more homogeneous temperature profile is present, which is considered to be the reason
for the level of concentrations.

A significant reduction of the NOy emissions is observed for co-firing conditions with sewage sludge
compared to pure coal firing although the N-in-fuel mass flow is increased (cf. Table 6). With an addition of
wood to the coal and sewage sludge the level of NOy emissions increases again. This is another synergy effect.
The negative impact of the wood towards the NOy emissions is compensated for by the positive effect of
sewage sludge. The overall emissions remain at a level which does not exceed the level of pure coal firing. The
decrease of NOy emissions during the combustion of mechanically dewatered sewage sludge is a well known
phenomenon[lz]. However, the details about the mechanisms are not yet completely understood. The local
release of ammonia from the wet sewage sludge seems to play an important role.
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Fig. 14 NO, emissions (calculated as NO, and based on 6 vol.-% O, in the flue gas)

Table 6 Comparison of flows in the different test periods (*estimated from previous analyses)

coal sewage | wood sum
sludge | pellets

fuel mass flow period I+ 1V 37.6 - - 37.6
(raw) [t/h] period II 36.9 4.1 - 41.0
period 111 313 43 7.3 42.9

thermal power period I+ IV 248 - - 248
MW] period II 243 1.6 - 245
period 111 206 1.7 33.9 242

ash mass flow period I+ 1V 3.5 - - 3.5
[t/h] period 11 3.4 0.5 - 3.9
period 111 2.9 0.5 0.03 3.4

water-in-fuel ~ period I + IV 5.8 - - 5.8
mass flow period 11 5.7 3.1 - 8.8
[t/h] period III 48 3.2 0.7 8.7
sulphur-in-fuel period I+ IV 225 - - 225
mass flow period 11 221 15 - 236
[kg/h] period I11 188 15 0 203
nitrogen-in- period I+1IV [ 433* - 433
fuel mass flow period II 425%* 53* - 478
[kg/h] period 111 360* 55* 2 417

The sulphur transported with the fuels forms SO, during combustion. In order to reduce the SO, emissions
limestone is added to the combustion chamber. Limestone consists mainly of CaCO; and forms CaSO4 when
reacting with SO, (sulphation reaction). In that way sulphur is captured in a solid form. Fig. 15 compares the
amount of sulphur captured as CaSO4 with the amount of Ca fed in form of limestone. Since the amount of
sulphur captured cannot directly be measured it has been calculated from the difference of the sulphur-in-fuel
molar flow into the combustor and the sulphur flow out of the system with the flue gas.

When comparing pure coal firing with the co-combustion of sewage sludge and coal a positive effect
induced by sewage sludge can be identified. The amount of sulphur contained in the fuels is higher for
co-combustion of sewage sludge and coal (236 kg/h) compared to pure coal firing (225 kg/h) as shown in Table
6. Since the level of SO, emissions is kept nearly constant during the two test periods considered, the amount of
CaSO, formed and thus of sulphur captured is increased for co-combustion of sewage sludge. As a consequence
an increased limestone requirement could have been expected. However, the limestone requirement decreases.
The reason is an additional supply of Ca with sewage sludge, which is based on its pre-treatment with lime for
stabilization. The Ca/S ratio in the sewage sludge is 1.3 compared to that of coal of 0.3. Although the
phosphates supplied with the sludge have the tendency to capture the Ca faster than sulphur does”! the net
effect is positive. In other words the limestone requirement is reduced under conditions of co-firing with
sewage sludge. The comparison between pure coal firing and coal and sewage sludge co-combustion shows that
an increase of 2.6 % of calcium-in-fuel dosage is associated with a reduction of 20.0 % of externally dosed
calcium. These percentages are calculated on the basis of the overall amount of calcium input (externally dosed
plus in-fuel calcium) during pure coal firing in test period I.
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Fig. 15 Comparison of captured sulfur and Ca dosage in the form of CaCO,
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This beneficial effect of the sewage sludge is probably mainly attributable to the fact that sewage sludge
produces a fine ash, so that the Ca containing compounds are also released from the fuel matrix in a finely
divided form which offers a high volume specific surface for the sulphation reaction.

In summary, it can be concluded from the measurement campaign in Duisburg that co-combustion of
biomass or waste is not always a burden. On the contrary, co-firing of a suitable mixture of biomass and waste
can have positive effects on the gaseous emissions and on the operating behavior of coal-fired power plants. Of
course, each application has to be examined carefully and the risk of high-temperature corrosion remains an
issue which requires careful consideration.

PERSPECTIVES OF BIOMASS CO-COMBUSTION

It is not easy to predict what will happen with biomass co-combustion in large power plants in the future.
The development will strongly depend on political actions. If, as it is the case in Germany, policy favors the
utilization of biomass from forest residues or waste wood in small-scale combustion plants then these materials
will not be available for co-combustion in large power plants in spite of its being more energy efficient (and
due to the economy of scale also cheaper). If the generation of biofuels from biomass is subsidized sufficiently
then biomass will go that way.

On the utility side the primary goal is to make money. This is at present mainly achieved by using cheap
fuels and the cheapest fuels are those with negative prices, namely wastes. However, there are also tendencies
which may make co-combustion of biomass and wastes with biogenic content more popular:

—  the price of coal is increasing which is an incentive to substitute fuels

—  CO; emission trading is coming; with prices for CO, emission certificates rising the incentive to use

biogenic fuels is increasing.

In this sense it may be useful to “upgrade” water-containing biogenic wastes by drying them to biofuels in
the heat-and-power network of large power stations. As an example of this idea Table 7 shows a cost
calculation for the drying of mechanically dewatered sewage sludge with a water content of 70 % and a lower
calorific value of 1.1 MJ/kg to a water content of 10 % and a LCV of 13.8 MJ/kg. This “biofuel” (which in the
legal sense, of course, is still a waste) is then used to substitute bituminous coal in the power station.

The data and assumptions and calculations were made with the help of partners in industry. The total
capacity of 300.000 t/a of wet sewage sludge is identical with the actual co-combustion capacity of the
Lippendorf power plant [32]. Table 7 at first highlights the cost structure. An investment into a dryer has to be
made which causes also costs of infrastructure. The dryer is operated with steam taken from the steam turbine
and therefore this extraction of steam leads to a reduction in the electricity production which occurs in the costs
of preparing the biofuel. On the other hand the power station has several earnings with using the thus generated
fuel: the major contribution to earnings is the acceptance fee of the waste material. The second contribution is
the substitution of the coal: the 100,000 t of dried sewage sludge are replacing 55.000 t of bituminous coal. The
third contribution is the saving on CO, emission certificates due to the substitution of the coal by the biofuel.
As aresult of these various contributions the profit and loss statement yields a good profit of 11.6 million Euros
per year.

This is impressive and the question is now: why is this on-site drying not widely practiced by power
stations already? The calculation shown in Tab. 8 gives the answer. Here the cost-structure of the currently
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Table 7 Production of a biofuel by drying of mechanically dewatered sludge in combination

with a power station operating on bituminous coal

Basic design data:

Throughput of mechanically dewatered sludge 300,000 t/a
Water content of the mechanically dewatered sludge 70 %
Water content in the dry product 10 %
Amount of water to be dried away 200,000 t/a
Amount of dry product 100,000 t/a
Lower heating value of the product 13.8 MJ/kg
Annual operating time 6,000 h/a
Design of the dryer:

Specific water evaporation 333 th
Specific steam requirement for drying 1.2 t steam/t H,0
Steam quality (saturated steam) 4 bar
Steam requirement 40 t/h
Spiral screw heat exchanger for drying:

one screw evaporates 1.2 t water/h and costs 0.5 million €; for 33.3 th we need 28 screws which cost

14 million €; additional 5 million € are needed for construction work, piping, instrumentation, control

ete 1910°€
Infrastructure for sewage sludge supply: Receiving area, storage, conveying to dryer 710%€
Infrastructure for dryer plus conveying to boiler 210%€
Total costs of investment:

Infrastructure for sewage sludge handling 710%€
Dryer 1910°€
Infrastructure for dryer 210%€
total 2810°€
Capital cost (amortization 10 years, 6 % interest rate, capital costs 13.6 %/a of invest) 3.8110°€/a
maintenance costs (2 % of investment) 0.56 10° €/a
cost of personnel (2 jobs with shift system including provision for holidays and illness result in staff

requirement of 10 workers; each workers costs 60,000€/a including social costs) 0.60 10° €/a
Revenues of the power plant are reduced because turbine steam is sent to the dryer:

Specific electricity loss ca. 0.14 MWh/t steam:

the 40 t/h steam consumption are equivalent to loss of 5.6 MWe. Price of base load electricity assumed

with 70 € MWh leads to reduction of revenues of 40x0.14x6,000x70 23510°€/a
Summary of costs:

Revenue reduction due to reduction of electricity production 23510°€/a
Capital costs 3.8110°€/a
maintenance costs 0.56 10° €/a
costs of personnel 0.60 10° €/a
total 73210° €/a
Proceeds for the power station:

The dewatered sewage sludge is accepted for a fee of 35 €/, in total 300,000x35 10.50 10° €/a
Bituminous coal is substituted by the dried sewage sludge:

The dried sewage sludge has a LCV of 13.8 MJ/kg, the coal’s is 25 MJ/kg; the amount of 100,000 t/a

biofuel replaces 100,000x13.8/25=55,000 t bituminous coal. The coal costs 100 €/t which means a

saving on coal costs of 5510 €/a
The biofuel saves on CO, emission certificates:

The bituminous coal has an emission factor of 0.095 t CO,/GJ which is equivalent to 0.095x25=2.38 t

CO,/t coal; in total the 55,000 t of coal saved are equivalent to a saving of 55,000x2.38=130,900 t CO,.

With an assumed value of 22,50 €/t CO, this is equivalent to a saving of 29510°€/a
Total 18.95 10° €/a
Profit and loss statement:

Total proceeds 18.9510° €/a
Total costs 73210°€/a
Total profit 11.63 10%€/a
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practiced co-combustion of mechanically dewatered sewage sludge in the coal-fired power plant is described.
The earnings mainly consist of the fees for sludge acceptance and — to a minor part — of the savings on CO,
emission certificates. But also the list of costs is much shorter. A relatively small investment for receiving,
storing and dosing the sludge has to be made only. The major point is that the cost of the in-furnace drying of
the sludge is not considered at all. The argument is that the coal milling devices of the PC boiler which combine
grinding and drying have enough reserve capacity to cope with the small percentage of water coming with the
sludge. In fact, the drying capacity in the mills is considered to be the limiting factor for the sludge throughput
in a given plant.

If one accepts this view then the total profit turns out to be 9.8 million Euros per year. The difference to
the 11.6 million profit for the sludge drying alternative is not big enough to outweigh the risks associated with
this latter route.

Things may be different in the case of a fluidized bed boiler where no external milling and drying exists
and they will be totally different in future PC fired power stations operating on predried brown coal as it is
planned by RWE with their WTA-conceptm] since operating with predried brown coal requires also predrying
of the co-fuel because mill drying is no longer available there.

Table 8 Co-combustion of mechanically dewatered sewage sludge in the coal-fired power station

Basic design data:
Throughput of mechanically dewatered sludge 300,000 t/a
Lower heating value of the sludge 1.1 MJ/kg
Proceeds:

1. The dewatered sludge is accepted for a fee of 35 €/, in total 300,000 X35 10.50 105€/a

2. The utilization of the biogenic content of the sludge saves on CO, emission certificates: the
bituminous coal emits 0.095 tCO,/GJ; with the LCV of 1.1 GJ/t sludge it follows a saving on CO,
emission of 0.095 X 1.1 = 0.10 tCO,/t sludge; with the certificate price of 22.50 €4CO, the saving

on emission certificates is 300,000 X 0.1 X22.50= 0.68 10°€/a
total proceeds 11.18 10° €/a
Costs:

(infrastructure for sewage sludge reception, storage and dosage assumed
to be an investment of 7 X 10° €)

Capital costs (13.6 % of investment) 0.9510°€/a
Maintenance (2 % of investment) 0.1410°€/a
Costs of personnel (1 job, 5 workers, 60,000 €/a each including social

costs) 030 10°€/a
Cost of in-furnace drying of the sewage sludge -—-
total cost 139 105 €/a
Profit and loss statement:

total proceeds 11.18 10% €/a
total cost 139 10° €/a
total profit 9.7910° €/a

The development of coal-fired boilers is currently directed towards increasing the efficiency by increasing
the values of the steam parameters. Under the keyword “700°C power station” efforts are made to develop and
test materials which can be used at higher temperature levels. For such advanced materials the risk of corrosive
attack will be higher and therefore operators will be reluctant to co-fire biogenic wastes.

In the more distant future the development will be towards the CO,-free coal-fired power station with CO,
sequestration. Among the three routes — pre-combustion, post combustion and oxyfuel — the post combustion
route with CO, scrubbing from flue gas will certainly play an important role. In this context biomass co-firing
could be interesting: if 10 % of the CO, in the flue gas are from biomass, then a 90 % efficiency of the scrubber
is sufficient to make the power plant CO,-free in the legal sense. The resulting reduction in requirement on
scrubbing efficiency when compared to the combustion of coal without biomass will possibly reduce the cost of
scrubbing significantly.

SUMMARY AND CONCLUSIONS

Co-firing of biomass and biogenic wastes in large-scale coal-fired power plants allows an energetic
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utilization at a high level of efficiency which is not obtainable in small-scale dedicated biomass combustors.

Co-firing at low percentages of the thermal power (typically below 5-10 %) avoids the typical operating
problems of biomass combustion, i.e. ash sintering and fouling of heat transfer surfaces.

Co-firing of biogenic wastes is already widely practiced in Germany, non-waste biomass like forest
residues are for subsidy reasons combusted in small dedicated mono-combustion plants.

A future increase of co-combustion may be associated with the upgrading of biogenic wastes with high
water content to biofuels by drying. Such biofuels could substitute more expensive coal and save on CO,
emission certificates.

In the more distant future biomass co-combustion may help in the CO, scrubbing process by lowering the
target level of CO, absorption efficiency.
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Formation and Reduction of Pollutants in CFBC:
From Heavy Metals, Particulates, Alkali, NOx, N,O, SOx, HCI
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Abstract: Due to the advantages of fluidized bed combustors a wide range of different fuels is
utilized. The fuels range from anthracite, medium and low rank coals to peat, wood residues,
biomass waste, sewage sludge and other sludges to plastics and municipal solid waste. Because of
this wide range of fuels pollutants such as heavy metals, particulates, alkali, NO, NO,, N,O, SO,
SO3; and HCl may be formed during the fuel conversion process depending on the fuel and
operating conditions.

These pollutants may lead to difficulties in operation of the fluidized bed combustor e.g. because
of slagging and fouling the heat transfer may decrease or the efficiency of the SCR catalyst. High
concentrations in the flue gas may lead to health problems and pollution of the environment.

This work investigates the conversion routes of the pollutants from the fuel to the final flue gas. It
is discussing the different chemistry of the pollutants and their possible interactions inside the
combustor. Primary measures to avoid pollutant formation and reduction paths are demonstrated.
Areas for further research are recommended.

Keywords: pollutants, heavy metals, particulates, NOy, SO,, HCI, alkali

INTRODUCTION

Fluidized bed combustors (FBC) are able to utilize a wide range of fuels. The fuels range from anthracite,
medium and low rank coals to peat, wood residues, biomass waste, sewage sludge and other sludges to plastics
and municipal solid waste. Because of this wide range of fuels pollutants such as heavy metals, particulates,
carbon in ash, alkali, NO, NO,, N,O, SO,, SO3; and HCl may be formed during the fuel conversion process
depending on the fuel and operating conditions.

This work gives an overview of the conversion routes of the pollutants from the fuel to the final flue gas. It
is discussing the different chemistry of the pollutants and their possible interactions inside the combustor.
Primary measures to avoid pollutant formation and reduction paths are demonstrated. An overview of
state-of-the-art secondary measures is given. Areas for further research are recommended.

NITROGEN OXIDES NO, NO;, N,O

NO and NO,, summarized as NO, are harmful pollutants which may cause direct health injuries of the
respiratory organs, form acid rain and ground-level ozone. NO is primarely formed in the combustion zone and
further oxidized to NO,. N,O (nitrous oxide) is a 200 times more effective greenhouse gas as CO, because of
its strong absorption in the infrared spectrum. In addition N,O contributes to the destruction of the ozone layer
in the stratosphere.

Because of the relatively low combustion temperature of about 850°C the nitrogen oxides are not formed
from the molecular nitrogen (N5) of the combustion air but from the nitrogen which is in the fuel, i.e. fuel —
nitrogen during devolatilization and char combustion. In Table 1 typical nitrogen contents of a wide range of
fuels is given.

Tablel Typical carbon and nitrogen contents obtained from ultimate analysis
on a dry and ash free basis from various fuels

Analysis (daf) ANT LVB MVB HVB SUB LIG | PT WD WPB SEW PE
carbon [w-%] 93 87 88 83 67 66 60 50 48 56 85
nitrogen [w-%] 12 1.8 1.6 1.5 13 1.2 1.5 0.18 277 63 0.07

ANT - anthracite, LVB - low volatile bituminous coal, MVB - medium volatile bituminous coal, HVB -
high volatile bituminous coal, SUB - sub-bituminous coal, LIG - lignite, PT - peat, WD - wood, WPB - wooden
pressboard, SEW - sewage sludge, PE - polyethylene.

However, it is interesting to see that a high content of nitrogen leads to low conversion rates to NO (refer
to Fig. 1). This is attributed to intrinsic NO reduction by formed HCN and NH; intermediates (refer also to
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Figure 2), see also Winter et al. 1999.
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Fig. 1 Conversion of fuel-nitrogen to NO depending on the fuel-nitrogen content of the fuel burned (Wartha et al., 1997)

Figure 2 shows the main reaction paths during devolatilization and char combustion of an arbitrary
fuel to NO, N>O and N,. During the early stage of devolatilization volatile nitrogen is released e.g. in the
form of HCN or NHj;. Those intermediates are further oxidized to NO and N,O. For HCN conversion refer
e.g. to Dagout et al. 2008 and Molina et al. 2009. However during conversion intrinsic reduction may also
take place depending on local operating conditions leading to N, (Winter et al. 1996).
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Fig.2 The main reaction paths during devolatilization and char combustion of an arbitrary fuel to NO, N,O and N,

The effect of operating conditons on NO and N,O is summarized in Table 2. An excellent primary measure
to reduce NO and N,O is severe air staging which is common practice in fluidized bed combustion. Usually
selective non-catalytic reduction (SNCR) is not necessary however in certain cases it may be necessary. An
increase in temperature e.g. above 850°C leads to a strong decrease in N>O. However this interferes with
optimum desulfurization.
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Table2 Summary of the main parameters influencing NO and N;O emissions. Increasing
parameters lead to increasing (1) or decreasing (|) NO, N,O emissions

increasing parameters NO emission N;O emission

Temperature 1 |

Volatile matter content | (BFBC) 1 (CFBC)

Nitrogen content

Excess air

Air staging

Limestone addition

SO, concentration

— || || |—>
= |o || |—= |- |«

SNCR

SULFUR OXIDES SO,, SO3

Sulfurdioxid (SO,) is a poisonous gas and causes direct health injuries of the respiratory organs and
forms acid rain. It can be further oxidized to sulfurtrioxid (SOs) which acts in a similar way. They can be
summarized as SOy SO, is formed by oxidation of the sulfur in the fuel (refer to Table 3) under
combustion conditions and depends therefore on the sulfur content.

In fluidized bed combustion usually limestone (CaCQs) is added which calcines (R1) and sulfation
(R2) takes place, see Reactions 1-3. This in-situ desulfurization is a strong advantages of fluidized bed
combustion technology e.g. in comparison to pulverized coal combustion where flue gas desulfurization
has to be considered.

CaCO; => CaO + CO, R1 calcination

CaO + SO, => CaSO0; R2 sulfation CaO

CaSO; +%2 0,=> CaSO; R3 oxidation g T

A detailed discussion of the mechanism and
review can be found in Anthony and Granatstein
(2001).

Calciumsulfate forms tight shells due to its high
molar volume inhibiting the CaO core to react further.
Therefore the conversion is typically not more than
40% which is a major limitation of this technology. The

optimum desulfurization temperature is about 850°C CaSO
and commonly wused in practice as operating A9
temperature. Fig.3 The CaSO, shell and the unreacted CaO

core inside

Figure 3 shows the CaSO, shell and the unreacted
CaO core inside (Anthony and Granatstein, 2001).

Table3 Typical sulfur contents obtained from ultimate analysis on a dry and ash free basis

. . - sewage . petroleum
Analysis (daf) | anthracite | coals lignite peat straw wood sludge tire waste coke
sulfur [w-%] 1 1 0.5-3 0.5 0.1 0.02 0.8 15 5-7

HYDROCHLORIC ACID HCL, ALKALI, HEAVY METALS, DIOXINS

Hydrochloric acid (HCI) is a poisonous gas and causes direct health injuries of the respiratory organs and
forms acid rain. It originates from the fuel by its conversion and depends therefore on the chlorine content of
the fuel (refer to Table 4, refer also to Yudovich and Ketris 2006, Vassilev et al., 2000, Aho and Ferrer, 2005,
Biobib, 1996, Kling et al., 2007, Mattenberger et al., 2008.).

Table 4 Typical chlorine contents on a dry fuel basis

Ulitmate Analysis hard coals brown peat wheat straw wood sewage waste | Meat Bone
(dry fuel) coals sludge ash | wood Meal

chlorine [w-%] 0.01-02 |0.005-0.1 0.01 0.5 <0.01 0.01 0.3 0.35
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The fuel chlorine undergoes oxidation usually to HCl under combustion conditions however additional
reactions may play a role and molecular chlorine (Cl,) may be formed in small quantities:

4HC1 + O, => 2Cl, + 2H,0 R4 conversion to Cl, (Deacon reaction)
MeCl + H,O => HCl + MeOH R5 Me =Na, K interaction with alkali chemistry
2MeCl + SO, + H,O + Y2 O, => Me,S0, + 2HCl  R6  interaction with CaCl, and sulfur chemistry
2MeCl + H,0 + ¥ O, => Me,CO5 + 2HC1 R7 interaction with alkali-chlorides
CaCl, + SO, + H,O + % O, => CaSO,4 + 2HCI R8 interaction with CaCl, and sulfur chemistry
SO, + Cl, + H,O => SO; + 2HCI R9 interaction with sulfur chemistry, formation of SO;
Al,05.2810, + 2MeCl + H,0 => Me,0.A1,05.2510, + HCI R10 interaction with alumina silicates
temperature of flue gases temperature of superheater tubes
800~7607C 400~8507TC

condensation/concentration of

e MaCl,KCl,and Pb,Zn saits from flue gas
i porous
@ fly-ash particles Hoposit 7
containing solid Na,80; <O

.
. »
A a.”
Xy
e .._....—, B,
» :

flue gas stream N corrosion product and

collision/adhesion of V oxide scale
fly-ash particles with deposit

Fig.4 The schematic corrosive salt formation on boiler tubes (Otsuka, 2008)

Reaction 5 shows the formation of HCl from alkali chlorides. Reactions 6, 8 and 9 show the interaction
with the sulfur chemistry. Cofiring a biomass fuel which has a high chlorine content with a sulfur-containing
fuel (e.g. lignite) may have benefical effects because instead of low melting alkali chlorides (MeCl) sulphates
(Me,S0,) are formed and HCI is released (e.g. Gogebakan et al. 2009) refer also to Brostrém et al., 2007. A
similar positive effect shows alumina silicates (meta-kaolinite) (e.g. Aho et al., 2005, Gogebakan et al., 2009).

Generally fuels with high chlorine contents lead to significant corrosion of the boiler tubes (e.g. Otsuka
2008, Skrifvars et al., 2008) and increases the propensity for bed agglomeration and deposit formation (refer
e.g. to Zbogar et al., 2009).

Figure 5 shows the interaction of sulfur, alkali,
chlorine and heavy metals (Pb, Zn) on the deposit
chemistry (Otsuka, 2008).

Chlorine and HCI may also be responsible for
mercury oxidation in the flue gas. Knowledge of the
mercury species (elemental mercury Hg’, oxidized
mercury Hg?" or particle-bound mercury Hg,) in the
flue gas is very important because of its different
physical and chemical behavior. Oxidized mercury
can be captured in conventional wet scrubbers (refer A
also to Davidson, 2005). . 11

Chlorine and especially Cl, have a propensity to NaCLELS HT
the formation of polychlorinated dibenzo-dioxins
(PCDDS) and polychlorinated dibenzo-furans
(PCDFs) which have a high toxicity. Transition
metals like Cu and Fe can catalyze PCDD/Fs formation. Small organic molecules can be adsorbed onto the
fly ash from flue gases and may be subsequently converted to PCDD/Fs (refer also to Liu et al. 2000).
Co-firing paper recycling residues, Scheidle et al. (1986), or municipal solid waste (MSW), Lindbauer et
al. (1992), with coal drastically reduced the formation of PCDD/Fs. Also other studies have shown that the
addition of coal, especially high sulfur coals to MSW decreases PCDD/Fs. This may be attributed to the
shift of Cl, to HCI according :

SO, + Cl, + H,O => SO; + 2HCI R9 interaction with sulfur chemistry, formation of SO;

Fig. 5 The sulfur, alkali, chlorine and heavy metals
(Pb, Zn) on the deposit chemistry
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PARTICULATES

Particulate matter (PM) is used for ultrafine solid particles and droplets in the air. PM2.5 refers to the
particles which are 2.5 pm or smaller in size. PM10 to particles which are smaller than 10 pm, respectively.
They are harmful to the respiratory system. Particles smaller than 2 pm are able to penetrate deep into the lung.
Fine particulate formation may differ depending on coal or biomass combustion and operating conditions. A
study on the formation of PM10 and PM2.5 in a laboratory-scale CFBC is given in Rajczyk and Nowak (2008)
for biomass and coals. They found that biomass combustion particles eith the diameter larger than 1 pm are rich
in calcium (Ca) whereas in the particles smaller than 1 pm potassium (K) is the dominant element.

Another effect of mainly alkali in ultra fine particles (below 100 nm, mainly potassium) in the flue
gas was responsible for the deactivation of high-dust SCR catalysts used for NOy reduction. A study has
been done in three 100 MW scale boilers during biofuel and peat combustion (Kling et al., 2007).

CONCLUSIONS

This paper gives an overview of possible pollutants formed in fluidized bed combustors. As the fuel range
used in CFBCs is large a wide range of potential pollutants may be formed. The fuel is the main source for
pollutants formation e.g. NOy, N»,O, SOy, HCI, heavy metals and alkali.

These pollutants may lead to difficulties in operation of the fluidized bed combustor e.g. because of
slagging and fouling the heat transfer may decrease or the efficiency of the high dust SCR catalyst. High
concentrations in the flue gas may lead to health problems and pollution of the environment.

In this paper it has been shown that there is a strong interaction between the different pollutants’
chemistries. The sulfur chemistry interacts with the chlorine chemistry and affects even deposit composition,
mercury speciation and dioxin formation. Homogeneous reactions in the gas phase as well as heterogeneous
and catalytic reactions on the solids’ surfaces and even in the liquid phase may be of importance.

Now we are in the early stage of understanding the fundamental processes taking place in practical
combustion systems like in CFBCs. However there is a significant lack of knowledge considering their
interactions. The fluidized bed system is paramount for co-combustion of a wide range of fuels leading to an
even closer interaction of pollutants’ chemistries.
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LATEST EVOLUTION OF OXY-FUEL COMBUSTION TECHNOLOGY
IN CIRCULATING FLUIDIZED BED
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Abstract: O,/CO, combustion technology is considered as one of the most promising method to
mitigate the greenhouse effect, and the O,/CO, CFB combustion technology which combines
0,/CO, combustion technology with circulating fluidized bed (CFB) combustion technology will
extend both their advantages. The latest research findings on O»/CO, CFB combustion technology
are reviewed, the combustion and pollutant emission characteristics are expatiated, its effects on
the boiler design are analyzed, the techno-economic assessment are reported and the key issues
are indicated in the paper. 0,/CO, CFB combustion technology has no insolvable bottleneck in its
development and due to its economic superiority; it is one of the most important clean coal
technologies.

Keywords: 0,/CO, CFB combustion technology, review, combustion characteristics, pollutant
emission, techno-economic assessment

INTRODUCTION

The Fourth Assessment Report (IPCC. 2007) from Intergovernmental Panel on Climate Change (IPCC)
presents that most of the observed increase in global average temperatures since the mid-20th century is very
likely due to the observed increase in anthropogenic Green House Gas (GHG) concentrations. And carbon
dioxide (CO,) is the most important anthropogenic GHG. Its annual emissions have grown between 1970 and
2004 by about 80%, from 21 to 38 gigatonnes (Gt), and represented 76.7% of total anthropogenic GHG
emissions in 2004. And 56.6% of them were from fossil fuel use, as shown in Fig.1. In China, coal is the major
fossil fuel and is mainly used for power generation, so it is urgent and significant to find an efficient CO,
reduction technology for the coal-fired power plants in China.

Fig.1 (a) Global annual emissions of anthropogenic GHGs from 1970 to 2004. (b) Share of different anthropogenic
GHGs in total emissions in 2004 in terms of CO;-eq. (c) Share of different sectors in total anthropogenic GHG
emissions in 2004 in terms of CO,-eq (Forestry includes deforestation.)

At present, several technologies are being developed for CO, capture and storage from coal-fired power
plant that include (Buhre et al.2005; Yan et al., 2007; Abanades et al., 2002; Singh et al., 2003):

1) Post combustion capture by chemical absorption, usually mono-ethanolamine (MEA).

2) The integrated gasification combined cycle (IGCC).

3) Calcination/Carbonation cycles reactions of sorbents for CO, sorption.

4) Chemical looping combustion (CLC).

5) Membrane separation technology for CO, separation from the flue gas.

6) Oxy-fuel combustion. In this technology, pure O, and recycled flue gas (RFG) are fed into the furnace
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for the combustion of the fuel. The RFG is used to control flame temperature and make up the volume of the
missing N, to ensure the heat transfer in the boiler. Latest studies (Singh et al., 2003; Grainger et al. 2008;
Klemes et al., 2007; Kay et al., 2006; Kay et al. 2007; Okawa et al., 1997) show that oxy-fuel technology has
an advantage of simultaneous reduction of CO,/SO»/NOx, and oxy-fuel combustion is one of the most
competitive technologies for both new boiler installation and old boiler retrofit.

Due to its good fuel flexibility, high boiler efficiency, low NOx emission, economical limestone
desulfurization, and easy load adjusting, CFB combustion technology is quite meaningful for the mainly fossil
fuel based power generation in China (Basu, 1999 and Gayan et al., 2004). At present, there are nearly 3,000
circulating fluidized bed (CFB) boilers installed in China, with total capacity reaching 65 millions kilowatts.
Among them, more than one hundred and fifty 100MWe ~ 200MWe CFB units and thirteen 300MWe CFB
units have been put into industrial operation. The unit number and the overall power generation capacity of
CFB boilers in China share more than half of the total number and capacity in the world. Oxy-fuel CFB
technology which can produce high CO, concentration flue gas from CFB boilers for storage or EOR was
explored based on this background. It combines the two clean coal combustion technologies together and may
play more multi-advantages. In the paper, the research findings on O»/CO, CFB combustion technology are
reviewed and summarized, the state of art of this technology is described and further studies needed are
suggested.

OXY-FUEL CFB TECHNOLOGY DESCRIPTION

Oxy-fuel technology is the combination of oxy-fuel combustion technology and CFB combustion
technology, and its schematic diagram is shown in Fig.2. Pure O, from ASU and RFG are fed into the furnace
for the combustion of fuel. The RFG is used to control flame temperature and make up the volume of the
missing N to ensure there is enough gas to carry the heat through the boiler. Sorbents are fed into the boiler for
SO, capture, and separated solid particles from the cyclone separator are fed back into the furnace to reburn.
The exhaust flue gas with high CO, concentration (generally bigger than 95%) is transported for geological
storage or enhanced oil recovery (EOR). The characteristics of oxy-fuel CFB combustion may include the
following:

®  Greater than 95% purity CO; can be reached in the exhaust gas;

® Good fuel flexibility, especially for low rank fuel as petroleum coke, MSW, etc. Possibility of
negative CO, emission when firing biomass with CO, sequestration;

Economical furnace desulfurization with sorbents;

Improved desulfurization efficiency and calcium utilization;

Lower NOx emission than conventional CFB boilers;

High proportions of CO, and H,O in the furnace gases result in higher gas emissivities;

By recycled ash burning, the residence time of the particles in the furnace is prolonged, which can
weak the long burnout time effect caused by high CO, concentration in the furnace;

For flue gas recycled, the heat loss due to exhaust gas are largely reduced;

Compared with oxy-fuel PC boilers, less flue gas needs to be recycled for heat, which can be
removed by means of external solid heat exchangers.

Heat exchanger Exhaust

Flue gas

Furnace

cycled as
N, | Fuel and Sorbent Recycled flue gas

Fig.2 Diagram of CFB O,/CO, combustion technology

MAIN FINDINGS OF OXY-FUEL CFB TECHNOLOGY

The oxygen firing fluidized bed combustion was first explored by Zhejiang University in China.
CANMET Energy Technology Centre in Canada has accomplished the mini-CFBC oxy-fuel combustion test
and the commissioning of the 0.8MWth CFBC for oxy-fuel combustion is on going. ALSTOM has modified its
9.9 MM-Btu/hr Multiuse Test Facility (MTF) pilot plant to operate with O,/CO, mixtures of up to 70 % O, by
volume. Foster Wheeler/VIT is working on Oxy-fuel CFBC on a pilot scale facilityy CERCHAR
(SNET-French Utility) in France and Southeast University in China are planning to carry out pilot plant
scale work.
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Combustion characteristics of coal in O,/CO; atmosphere

The latest researches on coal combustion characteristics focus mainly on ignition, burning rate, flame
temperature, flame propagation speed, combustion stability and burnout characteristic, etc. TG study (Luo et al.,
2004] on coal combustion in O,/CO, atmosphere shows that as the O, content increases in the atmosphere, the
ignition temperature of coal char decreases and the burnout time becomes shorter, the presence of CO, doesn’t
influence the char combustion reaction kinetics. Experiment in a combustion-driven laminar flow reactor
(Molina and Shaddix, 2007) shows that the presence of CO, retards coal particle ignition but has no measurable
effect on the duration of volatile combustion. For homogeneous ignition, as observed in the experiments, the
effect of CO; can be explained by its higher specific molar heat and the effect of O, can be explained by its
effect on mixture reactivity. In a microgravity combustion chamber (Kiga et al., 1997), the flame propagation
speed of pulverized coal cloud was measured and results reveal that the flame propagation speed in O,/CO,
atmosphere is markedly lower than that in O»/N; and O,/Ar mixture and it can be improved by increasing
oxygen concentration. Suda et al (2007) argued that reduction of flame stability in O,/CO, combustion is
mainly due to the larger heat capacity of CO, gas by both experimental and numerical analysis. Kimura et al
(1995) observed the flame in O,/CO, blown combustion was dark and unstable with high unburnt carbon. To
match the adiabatic temperature in air-blown combustion, the O, concentration has to be raised to 42%. Tan et
al (2006) found that the O,/RFG flames are much less brighter and more compact than conventional
combustion. 28%-35% O, concentration is proper to get the similar flame temperature and heat flux with air
combustion. By numerical simulation, Liu et al (1999) concluded that the overall combustion rate of carbon
particle in CO,/0Q, (CO,/O, mole ratio is 79/21) atmosphere is lower than air. With reducing of CO,/O, mole
ratio, the overall combustion rate increase obviously. On a laboratory scale CFB apparatus, Czakiet et al (2006)
found that by elevating O, concentration, the carbon conversion ratio can be improved and increasing
temperature of the reactor has no effect on the carbon conversion ratio between 973-1133K. ALSTOM operated
their multi-use test facility successfully on coal and petroleum coke combustion with O,/CO, mixture with up
to 70% O, in the firing zone and there were no evidence of particle agglomeration or defluidization in the
furnace.

There are quite little findings on oxy-fuel CFB combustion published in open literature. Due to the strong
back-mixing of material, good mass and heat transfer, flyash reburning and additional cooling of recirculated
solids, the problems which oxy-fuel combustion bring such as ignition delay, low burning rate and high carbon
content in flyash can be overcame. It can be expected that oxy-fuel combustion is better applied to CFB boilers
rather than PC boilers.

Pollutant emission characteristics

SO, emission characteristics
Many investigations on the desulphurization characteristics of sorbents in O,/CO, atmosphere in CFB
have been done, holding that atmosphere strongly affects the sulfur retention capability of sorbents. Recent
reviews agreed that the calcination temperature of limestone depends on the CO, partial pressure, as shown in
Fig.3. In the zone under the curve in the figure, limestone will be first calcined into calcium oxide (CaO) and
then be sulfated to Calcium sulfate (CaSO,), described by the following equations:
CaC0O3—Ca0 + CO, (1)
CaO + SO, + 1/20,—CaSO, 2
In the zone above the curve, limestone will not decompose but be directly sulfated, as the following
equation:
CaCO; + SO, + 0.50,—CaS0,4 + CO, 3)
In the oxy-fuel CFB furnace, CO, partial pressure is usually above 0.7. And in the temperature range from
800°C to 950°C, which is the main operation temperature zone of the CFB furnace, there exist two different
desulfurization mechanisms. In the lower temperature zone, direct sulfation of limestone will take place. When
the temperature is higher, calcination/sulfation reaction will take place. Due to the different mechanisms, the
microstructure, calcium utilization and desulfurization efficiency are quite different. Studies (Snow et al., 1998;
Liu et al., 2000; Fuertes et al., 1995 and 1994; Chen et al., 2007) showed that the calcium conversion under
direct sulfation is usually higher than that under calcination/sulfation due to the porosity of the product layer.
CaSO0; is normally the final product in the O, containing sulfation atmosphere and it has a molar volume of 46
em®, which is 24.7% higher than the molar volume of CaCOs. Despite the high molar volume of the product,
the product layer formed by the direct sulfation reaction is more porous than that formed by
calcination/sulfation. The direct sulfation reaction can often proceed at a fairly high rate even at high
conversions. In the direct sulfation zone, elevating temperature can enhance the direct sulfation rate and
improve the calcium conversion, while CO, partial pressure has negligible effect on calcium conversions, as
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shown in Fig.4 and Fig.5. Czakiert et al (2006) investigated the sulfur conversion in a laboratory-scale CFB
combustor and concluded that oxygen enrichment can improve the conversion of fuel sulfur to SO, because
increasing temperature due to oxygen enrichment can

weak the sulfur retention abilities of the mineral matter in 1.0
the ash. Mao et al (2005) studied the SO, emission
characteristics by a multi-function CFB setup and found
that as the bed temperature increases and the O, content in
the atmosphere increases, the desulfurization efficiency
increases.

Although lots of work have been done, there are
many uncertainties in the direct sulfation mechanism of
limestone during the oxy-fuel combustion process. For
example, the past studies all used not recycled flue gas but
simulated gases to investigate the sulfation characteristics
of limestone. In these cases, no vapor and ash were
included, but vapor and ash had great influence on the temperature ('C)
sulfation behaviors. Also, in the actual CFB combustion Fig3 Effect of CO, partial pressure on calcination
condition, the differences may be bigger. temperature of calcium carbonate

What attention should be paid is that when the
combustion temperature is high and the calcination of the limestone still occurs in the oxy-fuel CFB furnace,
the unreacted CaO will be carbonated when the ash cooled to the calcination temperature. And this
phenomenon has the potential to cause fouling of the heat transfer surfaces in the back end of the boiler and to
create serious operational difficulties. Wang et al (2008) found that both temperature and HO concentration
play important roles in determining the reaction rate and extent of the carbonation. When the temperature is less
than 400°C, no carbonation occurred without the presence of H,O in the gas phase. However, with water vapor
addition, carbonation will occur even at 250°C.

As can be predicted, the desulfurization efficiency of sorbents in oxy-fuel CFB combustor may be quite
different from the laboratory-scale studies. And pilot-scale oxy-fuel CFB combustor with recycled flue gases is
urgently needed. CANMET and Southeast University are carrying the on-going work.
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NOx emission characteristics

The NOx emission behavior during oxy-fuel coal combustion process has been studied using both O,/RFG
and O»/CO, mixture in different apparatus. Kimura et al. (1995) reported a reduction of NOx in the exhaust to
less than one-third of that exhausted with conventional air combustion. Okazaki et al. (1997) examined
separately the effects of CO, concentration, reduction of recycled-NO in the flame, and interaction of fuel-N
and recycled NOx on the decrease of the final NOx exhausted from the coal combustion system with the
recycled CO,. They concluded that the conversion ratio from the fuel-N to exhausted NOx is reduced to less
than one-fourth of that with air combustion, and the effect of a reduction of recycled-NO in the furnace was
dominant and amount to 50%-80%. Whatever, NOx emission during oxy-fuel combustion reduces largely, the
reasons (Hu et al., 2001 and 2003; Chen et al., 2007) include the following:

1) without N in the atmosphere, there is no thermal NOx and prompt NOx formation,

2) the interaction of fuel-N and recycled NOx,

3) the reduction of recycled NOx by the reducing radical in the flame,

4) the bigger tendency of NO/CO/Char reaction due to the higher CO concentration in oxy-fuel
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combustion.

During the oxy-fuel combustion process in CFB, NOx reduction will be more due to the lower combustion
temperature, air staging, higher CO concentration and the catalytic reduction of the calcium oxide (Czakiet et
al., 2006; Francesco et al., 2001; Hughes et al., 2006; Kim et al., 2007). At present, the investigations
concerning N,O, another important GHG which has a large emission during CFB combustion process, have
rarely been reported. But these kinds of study will be highlighted in future for the big environment damage and
complex generation-disappearance mechanism of N,O.

Minerals, particulate matter and heavy metals

During coal combustion, ash particles are formed from the inorganic matter presented in coal. The
mechanisms of ash formation have been studied extensively in the literature, and are affected by the
combustion conditions and the coal characteristics (Sheng and Li, 2008). The majority of inorganic matter
presented in black coals occurs in the form of minerals of various types and sizes. These minerals can be
closely associated with the organic matter (included minerals), or they occur excluded from the organic matter
(excluded minerals). The majority of ash particles are formed from four formation mechanisms,

1) Included mineral coalescence,

2) Char fragmentation,

3) Excluded mineral fragmentation,

4) Vaporization and subsequent condensation of inorganic matter.

Krishnamoorthy and Veranth (2003) used a detailed char particle combustion model to study the effect of
bulk gas composition (e.g. CO, concentration) on CO/CO; ratio inside a burning char particle. They indicated
that increasing CO; in the bulk gas significantly changed the CO/CO;ratio in the particle which could affect the
vaporization of refractory oxides, as the concentration of the reducing gas inside the particle increases.

A study by Sheng (2007) demonstrated, in comparison to air combustion, O,/CO, combustion at the same
O, concentration decreased the yields of the fine particles in both submicrometer and fine fragmentation regions,
because it resulted in a lower particle combustion temperature, while increasing the O, concentration in the
0,/CO, mixture enhanced the formation of the fine particles in both regions. It was found that the 0,/CO,
combustion resulted in the size of the submicrometer fume mode shifting to a smaller size.

Suriyawong and co-workers (2006 and 2008) investigated the effect of environment on PM. They found
the mass, number concentration, and mean size of the submicrometer particles decrease when N, is replaced
with CO,, When N is partially removed from the air stream, the mean particle size, mass, and number
concentration increase with an increasing N»/CO, ratio.

By equilibrium calculation, Zheng and Furimsky (2003) found that distribution of trace metals was
unaffected when O, concentration in O,/CO, mixture approaches that in air. The effect of O,/CO, mixture on
the distribution of chlorine- and alkali- containing compounds in the vapor phase was minor compared with
that in air.

Little studies on heavy metals, trace elementals and PM emission in oxy-fuel CFB combustion were
reported.

INFLUENCE OF OXY-FUEL COMBUSTION ON CFB BOILERS

The inconsistent characteristics on heat transfer, combustion and pollutant emissions between oxy-fuel and
conventional air combustion necessitate the differences on boiler design and operation with oxy-fuel
combustion.

Bed temperature

Bed temperature is one of the most important operation parameters for CFB boiler and proper temperature
controlling can avoid agglomeration, reduce pollutant emission and guarantee heat exchange inside the CFB
boilers. Generally, the bed temperature of a CFB boiler are controlled around 850°C for optimum
desulfurization temperature, and the optimum temperature may get up to 900°C when firing anthracite coal and
especially petroleum coke. Compared to PC boilers, CFB boilers have more ways to control bed temperature
such as adjusting cyclone ash recirculating ratio, air staging and fly ash reinjection etc. For oxy-fuel
combustion, RFG is used to moderate the bed temperature. In oxy-fuel CFB combustion, the O,/RFG ratio can
even be changed respectively in the primary and second gas supply to achieve the best temperature profiles and
most pollutant reduction. Mao (2005) investigated the temperature profiles of a laboratory-scale CFB setup
with inner diameter of 77mm and height of 2800mm under air and O,/CO, atmosphere. Results in Fig.6 show that as
the O, content in the air supply increases from 21% to 29%, the bed temperature increases by about 20°C.
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1-demenisional model calculation (Saastamoinen et al, 2006) result indicated that temperature gradient in
vertical direction is much higher with high O, concentration than with air combustion (Fig.7). For the solid
temperature during coal combustion is not even, local high temperature zone may exist in the combustor,
especially near the high O, concentration gas injection locations. This may cause the agglomeration problem
during oxy-fuel CFB combustion. ALSTOM bumed three fuels in their bubbling fluidized combustor under
different atmospheres and found that at 50% O, in feed gas with Tri-star coal, there was agglomeration when
the fluidization velocity was 0.52m/s, and when the velocity increased to 0.85m/s, the agglomeration
disappeared.
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Fig. 6 Temperature profiles in vertical direction Fig. 7 Temperature gradient in vertical direction
(experimental result) (calculated result)

Heat transfer and heating surface arrangement

CO; and H,O have higher thermal capacities compared to N». The increase in thermal capacity increases
the heat transfer in the convective sections of the boiler. However, the amount of gases passing through the
boiler in the oxy-fuel case is lower and increased heat transfer in the radiative section of the boiler results in
lower gas temperature entering the convective pass. Both of these factors will act to lower the heat transfer in
the convective section of the boiler. The heat transfer in the radiative and convective sections of the boiler will
need to be optimized to ensure efficient operation.

There are mainly three parts for heat transfer for a CFB boiler system: combustor, external heat exchanger
and convective pass. Since the O, concentration in the feed gas is elevated, the total gas volume in the CFB
furnace reduces to maintain the good combustion efficiency, and to get a good fluidization effect, the furnace
size reduces a lot at the oxy-fuel combustion style. According to Saastamoinen’s conclusion (2006), the volume
of the furnace in 60% O, case will be 38% of that in 21% O, case. In the much smaller space, various heat
exchanger options will be necessary to meet the heat duty distribution need. The heat duty distribution of the
studied case is shown in Fig. 8. It can be seen that the convective pass and furnace wall heat duties are largely
diminished for the O, design due to the reduced flue gas. And heat duties of INTREX superheating and
wing-wall superheating are augmented to make up them. ALSTOM also studied the heat duty distribution of
oxy-fuel combustion with 70% O, concentration comparing with air combustion, concluding that heat duty of
external heat exchanger may exceed 70%.

ALSTOM also studied the CFB boiler general arrangement firstly, as shown in Fig. 9.

Separator efficiency and flyash reinjection

At the same O, concentration, the burnout temperature has been proven to be higher and burnout time
to be longer than conventional air combustion. And for the CFB boilers in China, there is a common
problem of high carbon content in flyash. So measures should be taken to reduce the unburnt carbon in
flyash. Particle size of the feed fuel should be controlled more strictly. Cyclone separators with higher
separation efficiency must be explored. And flyash recirculating may be used extensively in the oxy-fuel
CFB boilers.

Sealing problems

One strong advantages of oxy-fuel combustion is the production of high CO, concentrated (normally
over 95%) flue gas stream for EOR. For the existing CFB boilers, they are almost designed and operated
under balance ventilation, and air leakage takes place at the micro-negative pressure locations such as the
economizer, air preheater, tail duct, and so on. These may cause the CO, concentration in the flue gas to
fall and increase the cost of flue gas treatment. Improving the sealing capability of the heat surface at the
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tail is important if this ventilation mode remains. Also the boiler can be operated at the micro-positive
pressure mode according the successful experience of the gas-fired and oil-fired boilers.

Erosion and abrasion

Flue gas recycle makes the acid gas such as SO, and NOx concentrated in the furnace and augments
the erosion of the water wall and heat surface of the furnace. With O2 enrichment, the furnace size reduces
compared with air combustion which may cause more serious abrasion of furnace wall. So CFB boiler with
oxy-fuel combustion brings higher requirement for material.

TECHNO-ECONOMIC STUDIES

The net efficiency reduction of oxy-fuel CFB power plant is mainly originated from the introduction of air
separation unit (ASU) and CO, compression and purification system. The former studies indicate that oxy-fuel
combustion has some economic advantages compared with other CCS technologies (Pierce et al., 1995; Akai et
al., 1995; Gotlicher and Pruschek, 1995).

At present, the main air separation technologies (Rezvani et al, 2006) include cryogenic distillation,
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pressure swing absorption, chemical looping combustion and membrane technology. And the only separation
technology that can provide the O, flows required in the present application is cryogenic distillation. Andersson
and Johnsson (2006) evaluate the power consumption and the investment cost of the ASU for an 865MWe
lignite-fired oxy-fuel power glant. The specific power consumption of the ASU with a production capacity of
276900 Nm® to 5287000 Nm® ranges from 0.34kW/Nm® /h to 0.36kW/Nm® /h for produce O, of 99.6% purity.
And the power consumption can be reduced if the O, purity decreases.

The flue gas treatment basically involves the removal of water and the non-condensable gases.
Generally, the flue gas of an oxy-fuel CFB power plant before treatment contains 80%-90% CO,,
10%-15% water and a little percent of SO,. A complete dehydration of the flue gas is important, since it
will reduce the mass flow and prohibit corrosion and hydrate precipitation. According to the destinations
of the flue gas, the requirements of the flue gas composition are different. For example, storing SO, below
the ground level may cause problems due to its sulfation behavior in contact with the calcium present in
the storage environment. So it is better to remove the SO, if the flue gas is transported for geological
storage. And CO, alone may cause corrosion of the transport duct in the presence of water. Therefore, the
maximum water content in the flue gas prior to the compressor should not exceed 60-100mg/Nm®. What
should be mentioned is that the flue gas transport cost depends on the transport distance to a certain extent.

Andersson concluded the net electrical efficiency become 33.5% with oxy-fuel combustion,
compared with 42.6% for the reference plant.

ALSTOM performed the investment study of oxy-fuel (51 Gas Proceeding System

CFB power plant. They separated the investment into 3 1800 _'éfms,mm}f,];l; Plant Equipment
parts including traditional power plant equipment,
ASU and gas processing system, as shown in Fig.10.
The figure shows that the traditional power plant 1200
equipment investment reduces about 20% as a result of
cost reduction in the boiler island. The improvement of
updated O, fired power plant is mainly a small 600
decreases in the specific plant cost and a small increase
in the net plant output. They concluded the CO,
mitigation price for original oxy-fired and updated 0
oxy-fired power plants are about 40 and 37$/t of CO, Airfired  Original Oxy-fired Updated Oxy-fired
avoided respectively. But for CANMET, the result is  Fig. 10 Investment cost of O,/CO, CFB power plan
about 35$/t (Singh et al., 2003).

1500

.{\
7

N

-
7

$/KwW

IMPORTANT POINTS FOR CFB BOILERS WITH OXY-FUEL

The researches on oxy-fuel CFB combustion are all in laboratory or pilot scale, and many important points
need to be further studied.

The selection of fluidization velocity

Fluidization velocity is one of the most important parameters for CFB design and operation, which affects
the bed temperature distribution, heat flux, heat surface arrangement, agglomeration and abrasion, etc. At
present, the fluidization velocity of CFB boilers with air combustion is about 5-7 m/s. With oxy-fuel
combustion, the fluidization velocity may change due to the different radiative and convective heat transfer
distribution.

Pollutant emission

During the oxy-fuel combustion process in CFB, the formation and emission mechanisms of gas pollutant
as SO2 and NOx are still unclear. The effects of oxy-fuel combustion on trace elements emissions and on flyash
size distribution have not yet been experimentally determined. The heavy metal transformation and volatile
organic compounds emission characteristics have not been studied. As the growing awareness of environment
protection, these areas will be recognized.

Hot or cool flue gas looping

Weather the flue gas needs to be cooled and dust-removed before recycle or not is quite important.
Certainly, the clean gas without water vapor and dust is beneficial for the boiler operation safety, but will add
the investment of equipment. Hot gas recycle can reduce the heat loss and make the unburnt carbon and
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unreacted sorbents recirculated in the furnace, improving the combustion efficiency and calcium utilization
efficiency. But hot gas recycle may cause corrosion and abrasion problems.

Numerical simulation of oxy-fuel CFB combustion

The comprehensive models which couple fluid dynamic, mass and heat transfer and combustion in an
Oxy-fuel CFB boiler are rarely reported. This kind of models has great significance in saving experimental
expense, solving theoretical difficulties and guiding design and operation.

Demonstration power plant
So far, there was not a demonstration oxy-fuel CFB power plant in the world. And it is the only road for
this technology to commercial utilization.

CONCLUSIONS

Oxy-fuel CFB combustion is a promising technology for CO, reduction, which combined the advantages
of CFB combustion and oxy-fuel combustion. Many investigations on oxy-fuel CFB combustion were carried
out including combustion and pollutant emission characteristics of coal, heat transfer and boiler design and
techno-economic study which indicated that there is no bottleneck for oxy-fuel CFB combustion in commercial
application. But many important points such as desulfurization, NOx emission, ash property, etc also need to be
further studied. And the next important step is the construction of a demonstration power plant.
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FOSTER WHEELER’S SOLUTIONS FOR LARGE SCALE CFB BOILER
TECHNOLOGY: FEATURES AND OPERATIONAL PERFORMANCE
OF LAGISZA 460 MWe CFB BOILER

Arto Hotta
Foster Wheeler Energia Oy, Finland

Abstract: During recent years, once-through supercritical (OTSC) CFB technology has been
developed, enabling the CFB technology to proceed to medium-scale (500 MWe) utility projects
such as Lagisza Power Plant in Poland owned by Poludniowy Koncern Energetyczny S.A. (PKE),
with net efficiency nearly 44%. Lagisza power plant is currently under commissioning and has
reached full load operation in March 2009. The initial operation shows very good performance
and confirms, that the CFB process has no problems with the scaling up to this size. Also the
once-through steam cycle utilizing Siemens’ vertical tube Benson technology has performed as
predicted in the CFB process. Foster Wheeler has developed the CFB design further up to 800
MWe with net efficiency of =45%.

Foster Wheeler’s circulating fluidized bed (CFB) boiler technology meets today’s market
demand for utility-size boilers with capability to fire broad range of fuel qualities from low-grade
high-ash fuels, good quality bituminous and anthracite coals to various biomass and waste fuels.
The high efficiency CFB boilers are designed for firm emission performance and high reliability.

The proven high efficiency circulating fluidized-bed (CFB) technology offers a good
solution for CO, reduction both in repowering of coal fired power plants and in greenfield power
plants. CFB technology with its excellent fuel flexibility offers the opportunity to further reduce
CO, emissions by co-combusting coal with biomass. FW has also developed CFB gasification
technology for biomass applications. An example of this technology is gasification of biomass
with a pressurized gasifier to produce syngas, which can be used for biodiesel production to
address the reduction of CO, emissions from vehicles.

Carbon capture and storage (CCS) offers the potential for major cuts in CO, emissions of
fossil fuel-based power generation in the fairly short term, provided that it gains public acceptance,
the required regulatory framework is created and emission trading mechanisms or other incentives
can provide solid return on the major investments required. Oxy-fuel combustion is one of the
identified main CCS technology options, and Foster Wheeler is developing its CFB combustion
technology for oxy fuel combustion to provide a CCS-ready solution. Foster Wheeler is currently
developing Flexi-Burn™ CFB concept, which enables the plant to be operated either with or
without carbon capture. This paper presents the existing status of CFB technology in respect of
boiler efficiency and fuel flexibility. The main advantages of the CFB technology for oxyfuel
combustion and a development plan for the Flexi-Burn™ CFB will be presented.

Keywords: large scale CFB boiler, Foster Wheeler, CO, reduction

INTRODUCTION

Foster Wheeler is a global engineering and construction contractor and a supplier of power equipment.
Among other products, the company offers state-of-the-art boilers for heat and electricity generation based on
circulating fluidized bed (CFB) technology. Boilers are offered for a variety of fuels and mixes, including
fossil-derived fuels (e.g. coal, waste coal, petcoke), peat, biomass-derived fuels (e.g. wood, agricultural residue,
bio-sludge), and waste fuels (e.g. contaminated wood, REF, TDF).

During the past 30 years Foster Wheeler has booked nearly 350 CFB boilers, of which almost 240 are
designed for coal and wastes from the coal mining industry with total thermal capacity of 47,000 MWth (Fig.
1). All the boilers share the same circulating fluidization principle; however, depending on the quality of fuel,
the boilers differ significantly in design and operation.

Power generation based on the combustion of solid fuels is expected to remain as mainstream technology
for the foreseeable future. Fuel resources are abundant and widely distributed, which tends to provide price
stability and security of supply. At modern power plants, the traditional pollutants are well under control. When
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considering either new plants or repowering of old plants, efficiency and environmental performance are key
issues. High efficiency means lower fuel requirements, and lower levels of ash and emissions, including COs.
In the near future the main market for CFB in Europe will continue to be the replacement of existing old
coal-fired units. Utilization of proven high efficiency CFB technology is an ideal solution both for repowering
and for new plants. CFB technology has proven excellent fuel flexibility and also offer the option to
co-combust of biofuels with different grades of coals, which can further reduce CO, emission (Jéntti T et al.,
2006).

CFB technology is now proven at utility-scale. Plant sizes up to 300 MWe are in operation today. The net
efficiency of those conventional sub-critical designs is approximately 38-40%, depending on fuel and
condenser conditions. During recent years, once-through supercritical (OTSC) CFB technology has been
developed, enabling the next stage in CFB development to proceed medium-scale (<500 MWe) utility projects
such as Lagisza, with net efficiencies near 45%. Lagisza power plant is currently under commissioning and has
reached full load operation in March 2009. The operation shows very good performance and confirms, that the
CFB process has no problems with the scale-up up to this size. Additionally, the once-through steam cycle
utilizing Siemens’ Benson technology has performed as predicted in a CFB process. Foster Wheeler has
developed the CFB design further up to 800 MWe with net efficiency of >45% to be commercial during 2009.

However, scaling up the technology further to utility scale (600-800 MWe) with net efficiency of
45-50% is needed to fulfill the future requirements of utility operators (Jantti T et al., 2006).

FW is continuously working on improving the efficiency and co-combustion capability of its CFB boilers.
Efficiency increases and co-firing of coal with CO,-neutral fuels provide a technically and economically
feasible solution to the CO, issue in the short and medium term, while major emission cuts possibly required in
the future call for more powerful solutions. Post-combustion capture of CO, from power station flue gases is
considered technically feasible, but in combustion with air, the flue gas volumes are large and CO, very much
diluted with N2. Separation of CO, from such a stream is costly, and other options are being explored (Jéntti T
et al., 2006).

In oxyfuel combustion systems, the fuel is burned in a mixture of pure O, and recirculated flue gas,
instead of air. The absence of air nitrogen produces a flue gas stream with a high concentration of CO,, making
its much easier to separate the CO, CFB technology appears to be ideally-suited for oxyfuel combustion, and
FW is developing its CFB for oxycombustion to provide the potential for nearly 100% reduction of CO, (Jéntti
T et al., 2006). The main focus at the moment is in a Flexi-Burn™ concept, which enables the plant to be
operated either with or without carbon capture, allowing more flexible operation and reduction of risks in plant
operation.
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HIGH EFFICIENCY & FUEL FLEXIBLE CFB NOW IN UTILITY SCALE PROVIDES
SOLUTION TO REDUCE CO; EMISSIONS

Scale-up

Responding to an ever-growing demand for power generation, CFB boiler technology has developed to
meet utility-scale requirements (Fig. 2). Today, the largest CFB units based on natural circulation are two 300
MWe CFB boilers at Jacksonville Energy Authority in Jacksonville, Florida, U.S.A. These boilers burn either
100% coal or 100% petroleum coke or any combination of the two. The largest units in terms of physical
dimensions are three 262 MWe CFB boilers at Turow power plant in Poland. The fuel for these boilers is lignite
with moisture content of 45% wt, which increases the flue gas flow considerably. The net efficiency of
conventional sub-critical designs is approximately 38—40%, depending on fuel and condenser conditions.

During recent years, once-through supercritical (OTSC) CFB technology has been developed, enabling the
next stage in CFB development to proceed to medium-scale (<500 MWe) commercial projects such as Lagisza,
with net efficiencies near 45%. However, scaling up the technology further to utility size of 600- 800 MWe
with net efficiency of 45-50% is needed to fulfill the future requirements of utility operators.
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Fig.2 Scaling-up of Foster Wheeler’s CFB boilers
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Scaling-up of Foster Wheler’s CFB boiler technology has been achieved through development of a
second-generation design. This design features integration of the separator for circulating solids and the furnace
(Fig. 3(a)). A water/steam cooled separator replaced the hot cyclone with heavy refractory lining, which was
distinctive for the first-generation design. This concept offers several advantages, such as:

— Less refractory in the system, thus reducing maintenance cost,

— Shorter start-up time due to less temperature sensitivity in the refractory,

— No expansion joints between the separator and the combustion chamber,

— Smaller foot-print of the boiler, which can be very important in re-powering schemes where the new

boiler has to fit into an existing building or existing site.

The second-generation design was introduced in 1992, and in 1996 the design was enhanced with
introduction of INTREX™ - integrated heat exchanger located in the furnace (Fig. 3b). INTREX™ extract
heat from the hot circulating material that is returned from the separator, or solids are taken directly from the
lower part of the furnace. Continuous flow of dense solids enables high heat-rate coefficients within a small
physical space, and prevents formation of deposits on tube surfaces. No mechanical devices are needed and all
required controls are performed by air fluidization. Superheaters and reheters of INTREX™ type are
particularly effective in designs for fuels that can cause corrosion on conventional heat surfaces, and for
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large-scale utility boilers.

Salids return leg

External circulation
apenings

INTREX™
. Superheater

@ (b)

Fig.3 Features of second-generation Foster Wheeler’s CFB boiler design
(a) water/steam cooled integrated separator (1992-); (b) INTREXTMsuperheater (1996-)

Developing CFB technology to even larger sizes and higher plant efficiencies is an ongoing challenge.
There is an increasing demand for boilers in the size range of 600 to 800 MWe, as existing power plants are
aging and new replacement capacity has to be built. CFB technology is now emerging as an alternative plant of
this size, thanks to the benefits it offers in terms of fuel flexibility and inherently low emissions. New, modern
power plants need to have high efficiency for economic reasons and to minimize emissions, including CO,.
Plant net efficiency of approximately 45% (LHYV) is expected. This calls for utilizing ultra supercritical steam
parameters, together with an optimized power plant cycle and high boiler efficiency. Foster Wheeler develops
design for 800 MWe CFB boiler with ultra-supercritical steam parameters. The scale-up of critical CFB
components, such as the furnace, solids separators, and fluidized bed heat exchangers to 800 MWe is possible.
The actual scale-up of the dimensions and size of plant components required is quite moderate, due to the
modular approach adopted for the boiler design (Hotta A. et al., 2006).

CFB SCALE-
up

150 MWe

262 MWe

Fig.4 CFB Scale up — modular approach

Reducing CO, emissions

Due to its economic advantage, abundance and shortage of alternatives, coal is expected to remain the
dominant fuel for the foreseeable future, either for new power plants, or to replace older or inefficient units. A
large number of coal-based plants will need to be built in Europe and worldwide in the next decade. However,
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CO;, emissions from fossil-fired power generation are a major contributor to climate change. As a result,
modern power plants are expected to comply with high efficiency and firm environmental performance. When
considering either new plant or repowering of old units, utilization of proven high efficiency CFB technology is
an ideal solution. High efficiency leads to lower fuel requirements, and lower levels of ash and emissions,
including CO,. In addition, CFB technology has proven excellent in fuel flexibility and co-firing of CO,-neutral
fuels with different grades of coals, which can further reduce CO, emission.

Reduction of greenhouse gas emissions has become a major challenge for the energy producers and
technology suppliers. Currently, the main approach to reducing emissions is to increase efficiency. When
combined with other solutions, efficiency improvement has a direct impact on the consumption of natural
resources, the generation of waste matter and the economics of production.

2
e

1]

Fig.5 Scale up of steam parameters

Co-firing of solid fossil fuels with CO,-neutral fuels in highly fuel-flexible CFB boilers provides a
technically and economically feasible solution for CO, reduction up to certain degree, both in repowering and
greenfield applications (Eriksson, T. et. al, 2007).
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Fig. 6 Impact of efficiency improvement and biomass cofiring on CO, reduction

Advantages of CFB technology with emphasis on fuel flexibility

Circulating fluidized bed (CFB) process provides an ideal burning environment for a wide variety of fuels.
The advantages of CFB technology can be summarized as follows:

— Fuel flexibility and multi-fuel firing,

— Low SO, emissions due to efficient sulfur capture with limestone in the furnace,

— Low NOx emission due to low combustion temperature and air-staging,

— Low CO and CxHy due to turbulent conditions and good mixing,

— Secondary flue gas clean-up systems typically not needed,

— Stable operating conditions and good turn-down ratio,
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— Support firing is not needed except during start-up periods,

— Increased capacity possible within the same footprint as old boilers,

— No need for fuel preparation (e.g. pulverizing).

One of the important advantages of CFB technology is the possibility of burning a diverse range of fuels
alternately and/or simultaneously. Fuel flexibility includes both a wide range of heating values and the
possibility of burning fuels with very different physical and chemical properties. The types of fuels used in
CFB boilers include coal of various degrees of carbonification, waste coal, petroleum coke, peat, wood-derived
fuels, agricultural and agro-industrial wastes, sludge, refuse derived fuels, tires, etc (see Fig. 7). Figure 8
compares chemical properties of few selected fuels used in commercial boilers.

aper mill
G Desinking: ‘

Fig.7 Type of fuels (co-) fired in Foster Wheeler’s CFB boilers

CFB boilers can effectively deal with wide variations in coal quality, which can exist even within coals
from a single mine. In an attempt to minimize the operational costs, utilities seek possibilities to utilize cheaper,
lower-grade coals with high moisture, ash and sulfur content (see also Fig. 8). Low-grade coals that have been
already used in power production, especially in Poland, have been local lignite coals or lower-rank bituminous
coals, which do not have an export market due to low quality. Utilization of these coals in old pulverized coal
and stoker fired boilers - which usually were not equipped with neither desulphurisation, nor proper dust
removal installations - have caused many environmental problems in the form of gaseous and dust emissions.
However, low-grade coals have been used in environmentally sound way in a number of high efficiency CFB

i# Moisture; 105°C i Volatiles; 900 °C # Ash; 815 °C i Fixed carbon CO2 & LHV [MJ/kg]
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Fig. 8 Fuel properties (data from Foster Wheeler’s fuel database)
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boilers.

The possibility of using coal washery rejects in CFB boilers has proved particularly valuable in Poland;
for example in power station Jaworzno. Modern CFB technology provides an efficient and profitable way to
produce power from these wastes which otherwise would need to be disposed in a landfill, while also providing
some profit from the waste coal rather than paying fees for its disposal.

At present, most CFB installations are designed for multi-fuel firing capability, i.e. for more than one solid
fuel (Barisi¢, Hupa, 2007). Coal and peat are common fuels in multi-fuel CFB installations together with wood
or wood-based fuel (Jéntti et al., 2006).

Utilization of biomass as a sustainable energy source is already seen as one of the key options in the short
and medium term for mitigating CO, emissions. However, the physical and chemical characteristics of the
diverse spectrum of biomass fuels vary widely (Phyllis). Utilization of biomass fuels in CFB boilers may cause
operational problems, such as agglomeration, deposit formation, and corrosion (Hiltunen et al., 2008; Coda
Zabetta et al., 2008). However, such problems can be limited with proper boiler design, suitable boiler
operation, alternative bed materials or additives, and most effectively by co-combustion with coal or peat that
can capture problematic elements from biomass/wastes. Coal co-combustion is applied for example in NPS
utility, Thailand, to fire high shares of local biomass rice husk and eucalyptus bark.
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REPOWERING WITH HIGH EFFICIENCY CFB

Over 60 % of existing coal-fired power plants throughout Europe are more than 20 years old, and many
with modest efficiency (Jéntti, 2006). Consequently, this will results in a substantial need for new thermal
power plants in the near future.

Depending on local, regional or country environmental performance standards, CFB’s can often meet
emission limits without any secondary flue gas cleaning systems, and plant owners do not need to be concerned
about the costs or space requirements of flue gas desulfurization or selective catalytic reduction units. A CFB
boiler can typically fit into an old boiler house. However, it is seldom possible to use the old steel structures or
foundations, as the boiler loads differ from the original boiler. What is important, however, is that boiler output
and efficiency can be increased. Foster Wheeler has wide experience in repowering projects in the scale of
200-300 MWe. Today’s CFB technology can reach 45% efficiency when utilizing the supercritical steam
parameters (Jéntti T et al., 2006).
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Fig.9 Age structure of power plants in European countries (taken from Jéntti, 2006)

LAGISZA 460 MWe CFB BOILER

Features

CFB is not only suitable for hard-to-burn fuels, but the technology is also ideally suited for quality
bituminous coal. Through a continuous scale-up and development process, CFB technology has now reached
medium utility scale with once-through supercritical boiler technology.

Utilizing Siemens' BENSON low mass-flux vertical tubing technology offers some clear advantages for
CFB technology, including a lower pressure drop over the furnace tubing, resulting in less power needed for
feed water pumps and lower auxiliary power consumption. The combustion temperature in a CFB is
homogenous both vertically and horizontally, which means that the heat flux is relatively uniform, and the risk
of overheating is not present as it is in conventional technology with a heat flux that can be up to three times
higher locally.

The first company to benefit from OTU CFB technology with supercritical steam parameters will be the
Polish utility, Poludniowy Koncern Energetyczny S.A. (PKE). The new 460 MWe (gross) unit will replace old
power blocks of Lagisza Power Plant. The existing blocks were erected in 1960°s and consist of seven units
(110-125 MWe each). Two of them will be shut down after the new 460 MWe unit is commissioned. The new
boiler will be built adjacent to the old boilers and many of existing plant systems like coal handling and water
treatment will be renovated and utilized for the new CFB unit.

Main fuel for the boiler is bituminous coal. The source of fuel consists of 10 local coal mines with wide
range of coal parameters, proving once more the fuel flexibility of the CFB technology. Table 1 summarizes
parameters of design fuel and overall fuel range. Boiler design is optimized with a possibility for combustion of
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additional fuels. Main additional fuel is coal slurry that is available in large amounts in local coal mines. Due to
CFB technology characteristics, wet coal slurry can be combusted with 30% share by fuel heat input. Coal
washing rejects can also be burned in form of dry coal slurry granulates with a share up to 50% of heat input.
Boiler is designed also to utilize biomass fuels up to 10% of fuel input. The biomass feeding equipment is
included in the delivery as an option to be installed later.

The Lagisza CFB boiler is dimensioned according to data given in Table 2. The general boiler layout was
based on the conventional in-line arrangement already applied for Units 4—6 of the Turéw power plant. Figure
10 shows schematics of the boiler. Detailed description of the once-through boiler design and related aspects
can be found in Venildinen, Psik, 2004.

Table 1 Fuel properties for the Lagisza project

Coal range Coal slurry range (max 30% input)
Lower heat value Ml/kg 18-23 7-17
Moisture content % 6-23 27-45
Total ash content % 10-25 28-65
Sulfur content % 0.6-1.4 0.6-1.6

Table 2 Boiler data for the Lagisza 460 MWe CFB boiler

Maximum continuous flow kg/s 359.8
Minimum continuous flow kg/s 1439
HP steam pressure at turbine inlet MPa 27.50
HP steam temperature at turbine inlet °C 560

Cold reheated steam flow kg/s 306.9
Cold reheated steam pressure MPa 5.46
Cold reheated steam temperature °C 3143
RH steam temperature at IP turbine inlet °C 580

Feed water temperature °C 289.7

The emission requirements for the Lagisza boiler are according to European Union directive for Large
Combustion Plants, and considerable emission reduction is expected compared to existing PF unit. The
emissions of sulfur dioxide are controlled with limestone feeding into the furnace. With the design coal a sulfur
reduction of 94% is required, and that shall be achieved in the CFB with a calcium to sulfur molar ratio of
2.0-2.4. The nitrogen oxide emissions are controlled with low combustion temperature and staged combustion.
There are also provisions made for a simple ammonia injection system (SNCR), however that is not required on
design coals. Compared to original plants, NOx expected to be reduced by 71%, and CO2 by 28%. Particulate
emissions are controlled by electrostatic precipitator. The plant efficiency is expected to be improved from
34.7% to nearly 44%.

Operational Performance

The Lagisza power plant achieved full load steam conditions on 100% coal on March 2009 running at the
designed supercritical steam pressure and temperature. The boiler has been running in stable operation on coal
from 25 to 100 % MCR and has shown to operate as designed and predicted. Since the official performance
testing has not been made so far, more detailed performance figures are not shown in this paper. The emissions
of SO,, NOy and CO are below guaranteed and permitted values. Also the combustion efficiency appears to be
very good. The unburnt carbon in ash has remained well below 5% at all loads. The analyses of coal used
during the commissioning is presented in Table 3.

The once-through steam cycle utilizing Siemens’ Benson technology has performed as predicted by Foster
Wheeler’s 3D model for the CFB process and Siemens’s prediction tools for the once-through steam cycle. The
excessive dynamic modeling and simulation, which was done during the design and engineering of the boiler
has now shown its merits. The boiler controls were applicable as they had been set based on control simulations,
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and only minor tuning has been required during the actual operation. The overall operation of the large CFB has
been very smooth and it has been easy to operate.

Fig. 10 The 460 MWe once-through CFB at PKE, Lagisza

Table 3 Analyses of the Ziemovit coal

Fuel Bitaminous coal
(Ziemowit, Poland)

LHV Mikg 198

LHYV (dry) MJ/kg 2.9
Moistute % 123

Ash % 26,4
Volatiles % 28.6

Fixed carbon % 45

¢ % 58,2

H % 3,8

S % 1,16

N % 0,97

o % 9,5

One of the challenges in scaling up boilers is the mechanical design of the large constructions and the
resulting large thermal expansions of the pressure parts. Plenty of attention was paid to mechanical details
during the engineering of the Lagisza boiler. As a result, there have been no bigger mechanical problems
encountered due to the scale-up during the initial operation of the plant.

FLEXI-BURN™ CFB - SOLUTION FOR CARBON CAPTURE

When bigger emission cuts are required, CCS offers potential for near zero emission power production
from fossil fuels, though at the expense of efficiency and costs. FW is developing currently oxy fuel
CFB-technology, which is seen to be the most feasible alternative for CCS at the moment.

Figure 11 shows a simplified process flow scheme of an oxycombustion power plant, which consists of an
air separation unit (ASU), a power plant with O,-blown combustion, and a CO, treatment unit. Oxygen is
mixed with recirculated flue gases, which creates a mixture of primarily O, and CO, (and H,O) used as oxidant
in combustion instead of air. The absence of air nitrogen produces a flue gas stream with a high concentration
of CO,, making it much easier to separate the CO,. CFB technology appears to be ideally suited for oxy fuel
combustion, and as a longer term activity, FW is developing its CFB for oxycombustion to provide the potential
for nearly 100% reduction of CO; (Eriksson, T. et. al, 2007).
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Fig. 11 Schematic of an Oxycombustion Power Plant

Oxy-CFB technology , the Flexi-Burn™ CFB, is being developed for existing boilers as a retrofit solution,
for new “capture ready” boilers to be modified for CCS in the future, and for integrated greenfield power plants
with CCS from the beginning. Designing an oxyfuel power plant calls for case-specific optimization of the
performance and economics. Normal boiler designs with reasonable modifications can be applied, if the mixing
ratio of oxygen and recycled flue gas ratio is chosen so that the adiabatic combustion temperature is close to that
of air firing. Such a plant could even be operated either with or without carbon capture and thus with lower or
higher output, for instance depending on the price of CO, allowances and electricity (Eriksson, T. et. Al., 2007).

The 460 MWe once-through supercritical, coal fired CFB boiler plant being designed and constructed by
FW for the Polish utility PKE at }.agisza power plant has been used as a starting point and reference in an study
that considers plant optimization items and aims to generate knowledge about boiler conversions for oxyfiring
and design of new “capture ready” boiler plants. High-O, designs provide potential for cost savings and higher
efficiency but require an entirely new boiler concept, and will be a subject of future studies (Eriksson, T. et. Al.,
2007).

CONCLUSIONS

Circulating fluidized bed (CFB) boiler technology has developed to meet utility-scale requirements.
Owning to high efficiency, excellent multi-fuel capability and low emissions of major pollutants (SO,, NOy,
CO, CO,, particulates etc.) the technology offers reliable solution for both repowering of old power plants or
building a new plant. CFB technology has proved excellent with both low-grade fuels, such as lignite and
low-grade bituminous coals, coal washery rejects, oil shale, and with good quality fuels. Co-combustion of
various types of biomass and waste fuels in CFB boilers has proven as efficient and economic way to reduce
CO;, emissions.

The Lagisza power plant has reached full load operation and has been operating at the designed
supercritical steam pressure and temperature. The boiler has been running in stable operation on coal from 25 to
100 % MCR and has shown to operate as designed and predicted. The positive results from Y.agisza confirm,
that the Foster Wheeler CFB technology can be commercially offered sizes up to 800 MWe with once-through
supercritical technology.

Carbon capture and storage (CCS) offers the potential for major cuts in CO, emissions of fossil fuel-based
power generation in the fairly short term. Oxy-fuel combustion is one of the identified main CCS technology
options. Foster Wheeler Global Power Group (FW) is developing its Flexi-Burn™ CFB technology for
oxycombustion to provide a CCS-ready solution.
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Abstract: The use of liquid fuels for fluidized bed (FB) combustion is gaining importance for
co-firing, waste incineration, switch to renewable energy sources or during plant start-up.

The design of a suitable liquid injection system is a key requirement to ensure that all of heat
is released within the bed of a bubbling fluidized combustor or the riser of a circulating system.

The scientific literature has revealed around 100 papers dealing with FB combustion of
liquid fuels since the pioneering work in 1975. This paper conveys an effort to review the relevant
aspects of FB combustion of liquid fuels, with the exclusion of mixtures of solid fuels in liquids,
which were left out of this work. Following a logical path that goes from early investigations
toward a more sound knowledge, it is organized in four sections: Fuels, Fuel Feeding,
Combustion Results and Emissions. The Conclusions summarize the main aspects and draw
prospective for future research and application of liquid fuel FB combustion.
Keywords: bubbling fluidized bed, circulating fluidized bed, liquid fuel, fuel injection,
combustion efficiency, sulfur oxides , NO, carbon monoxide

INTRODUCTION

The use of liquid fuels for fluidized bed combustion (FBC) is gaining importance for application during
co-firing and waste incineration or for plant start-up. In parallel, increasing interest in biomass- and
waste-derived fuels, as a consequence of the Kyoto protocol and the need of optimal energy-source share, calls
for innovative combustion solutions. Since the fluidized bed technology is effective for burning high-volatile
fuels like biomass and solid opportunity fuels, the extension to liquid fuels is rather straightforward, in
particular if benefits are obtained, for instance burning liquid wastes with medium heating value and raw
vegetable oils without any preventive chemical treatment. These fuels can be reliably processed using fluidized
bed combustion thanks to FBC robustness, flexibility and effectiveness.

The literature on FB combustion of liquid fuels is still sparse. A part of studies have a fundamental
character for understanding the mechanism of liquid fuel FB combustion; a number of papers are available on
different aspects as well as on different technical options. So far, both options of bubbling fluidized bed (BFB)
and circulating fluidized bed (CFB) have been used for liquid fuel combustion.

The search of the scientific literature revealed around 100 papers dealing with FB combustion of liquid
fuels, after the exclusion of mixtures or suspensions of solid fuels in liquids, which were left out of this work.
Nevertheless, no dedicated reviews are available on this matter. Therefore, this paper represents a first effort in
this direction by addressing relevant practical aspects and scientific issues in FB combustion of liquid fuels.

FUELS

Table 1 reports the list of the liquid fuels used in the research activities reviewed by the present paper.

Concerning nature and origin, the majority of the fuels is originated upon petroleum refining processes as
valuable products (diesel fuel, kerosene, gasoline, fuel oil), by-products (pitch, heavy oil, mazut) and liquid
wastes to be disposed (acid tar waste, waste oil). Orimulsion® is a bitumen-based water suspension that is very
similar to a heavy fuel oil in its appearance. It is produced from Venezuelan bitumen deposits in the Orinoco
region by direct extraction with steam from the underground reservoirs and a further addition of surfactants for
its stabilization (Zlatar, 1989).

Concerning renewable fuels, pyrolysis oils are generated by dedicated processes of thermo-chemical
conversion of biomass/wastes into liquid fractions. Sunflower oil, commonly used for cooking, is produced by
milling, pressing and separating the oil fraction of sunflower seeds. Biodiesel is obtained via trans-esterification
of rape oil for generating a fuel with rheological properties similar to those of a common diesel fuel.
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Table 1 Petroleum-derived liquid fuels for FB combustion (in alphabetical order)

Fuel name Brief description Origin Nature Ni]l-:cvgl
Acid tar waste By-products of oil-refining industry Refinery Fossil 20.0-30.0
Biodiesel Bio fuel for automotive application Chemical processing Renewable 37.0
Diesel fuel Standard fuel for automotive application | Refinery Fossil 426
Fuel oil Petroleum derived oil for heating Refinery Fossil 40.0-42.0
Gasoline Standard fuel for automotive application | Refinery Fossil 433
Heavy oil, mazut | Heavy oil from petroleum distillation Refinery Fossil 40.7
Kerosene Standard fuel for aircraft application Refinery Fossil 431
Oil sludge Residual oil from petroleum storage Refinery, oil deposits Fossil 30.0-40.0
Orimulsion® Emulsion of natural bitumen in water Steam assisted extraction | Fossil 39.7
Pitch Petroleum pitch Refinery Fossil 30.0-40.0
Pyrolysis oil 8;15 tgsenerated by pyrolysis of biomass/ Chemical processing Fossil/renewable | 20.0-30.0
Sunflower oil Vegetable oil for food appliance Agro-industry Renewable 371
Waste oil Waste oil from mechanical processes Industry Fossil 30.0-40.0

FUEL FEEDING

Fuel viscosity. One of first FBC tests with petroleum liquid fuels in a fluidized bed (Pillai and Elliot, 1976)
showed besides the low combustion efficiency the problems of blockage of the feeding nozzle and
agglomeration of the bed material. Among fuel properties, the viscosity is very important. In many papers
related to liquid fuel combustion in fluidized beds, authors reported that several first trials failed, on account of
problems in the feeding system. Very often the high fuel viscosity was the cause of feeding problems.

For improving feeding system and enabling appropriate pumping of viscous liquid fuels, the tanks of
liquid fuels are usually heated up to a certain temperature. In that case the whole transport line from the tank till
the fluidized bed furnace must be heated. The level of temperature for heating up of tanks and transportation
lines depends on liquid fuel viscosity and thermal stability.

Barker and Beacham (1980) estimated that very viscous liquid fuels can be satisfactorily transported and
dispersed through appropriate nozzles if their kinematic viscosity is around 150 — 350 mm?/s. While for typical
oil fuel in conventional burners it is 15 — 30 mm?s. Taking into account viscosity of different petroleum-based
liquid fuel, it was necessary for acceptable feeding to heat up the whole feeding system at temperatures usually
not above 150°C (Brereton et al., 1995; Kerr and Probert, 1990; Anthony and Lu, 2001; Barczus et al., 2001).
One of rare examples with higher heating temperature is reported by Legros et al. (1989 and 1991). They used a
pitch obtained from refinery hydrocracking unit and they had to heat up this fuel to 190°C. While Anthony and
Lu (2001) reported that for three different petroleum-based liquid fuels (fuel oil, pitch and bitumen) the feeding
system was heated up to 120°C only. At this temperature only for one of the investigated fuels, that is for
bitumen, its viscosity was over the proposed value of 350 mm?/s. Therefore the reported unsatisfactory
combustion performance just for bitumen could be the too high viscosity for good dispersion in FB. In contrast,
Orimulsion®, the bitumen-based emulsion, was rather successfully burnt in a fluidized bed furnace (Miccio et
al., 1999) by carrying out its feeding at room temperature with a viscosity in the order of 500 mm?/s.

Stirrer

— - V7
) _ <_ >Heater :I -
T <¥ Fluidised
< jezzzzee- bed
Reservoir Pump
Electrically or steam

heated line
Fig. 1 Typical system for feeding viscous petroleum-based liquid fuels to FBC plants
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Some refinery by-products, which were investigated for combustion in fluidized bed as liquid fuels, are
actually in solid phase at room temperature. An example of that kind of material is asphalt. Wu et al. (2001)
made experiments burning asphalt in CFB. The viscosity of this material at 170°C was reported to be
59650 mm?s. This value is by three orders of magnitude greater than viscosity of typical oil fuels for
conventional boiler. Nevertheless this kind of hydrocarbons also can find application as a liquid fuel for
fluidized bed combustion. The authors reported that the tank and transportation line had to be maintained at
temperatures between 200 and 340°C. Acid tar wastes of petroleum origin were investigated for combustion in
a FB facility by Kerr and Probert (1990). This fuel contained a relatively large amount of water and did not
show tendency of depositing tarry material as a result of long standing. Based on some pumping tests, the
authors recommended that these acid tar wastes should be heated up to 30°C at least.

Feeding system. A typical feeding system for viscous petroleum-based liquid fuels is shown in Fig. 1. It
consists of a tank containing fuel, an agitator for stirring fuel, a heater for maintaining fuel in good flow
conditions, a transportation line till the pump, and after that till the injection point and the nozzle. The
transportation line is usually heated and heat insulated. The heating of the tanks and the transportation lines,
reported mainly from research activities with relatively small fluidized units, was provided by electric heaters
or by steam. If the required temperature for heating up was higher, then the preferable solution was by steam. In
industrial applications the heating of fuel with steam may be the only reasonable solution.

Nozzles. The nozzle is a critical point of feeding system, since its inappropriate design usually cannot be
overcome by adjustment of other operational parameters. In first attempts of research activities on FBC of
liquid fuels, these were fed through nozzles without cooling. Consequently, the nozzles were heated up to high
temperature, and then petroleum-based liquid usually cracked forming deposits on the inside nozzle wall.
Finally, after a relatively short time, the nozzle became blocked (Pillai and Elliott, 1976). In general, it is
enough to cool the nozzle with air stream. The air stream used for nozzle cooling also served as a medium for
dispersing or atomization of liquid fuel. By this way the air stream was being heated up, and at the exit of the
nozzle it dispersed the liquid fuel without decrease of the fuel temperature, which accelerated the subsequent
fuel evaporation (Anthony and Lu, 2001; Legros et al., 1991).

As an easier design solution, in pilot or industrial facilities, the nozzles are usually horizontally inserted
into the fluidized bed. Since nozzles have to give a relatively even distribution of liquid fuel across the
fluidized bed, it is necessary that parts of nozzles that are inside the furnace are relatively long. It means that
these relatively long parts of nozzles are exposed to high heat flux coming from the surrounding hot fluidized
bed. Experiences show that in these cases it is necessary to cool the nozzles by water, since the air cooling rate
was not high enough to prevent overheating and cracking of liquid fuel within the nozzles, and finally blockage
of the nozzle (North et al., 1999; Barczus et al., 2001). In some research investigation, vertical injectors directly
inserted in the air distributor were preferred.

Since agglomeration of fluidized bed particles was experienced, some attempts for avoiding it, like
increasing the excess air, variation of the bed height and using support gas combustion did not bring remarkable
success (Pillai and Elliott, 1976). The experimental research of Miccio et al. (1999) with a bitumen-based
emulsion showed that in inert atmosphere this fuel practically does not have tendency to form deposits on inert
particles which could cause agglomeration of the fluidized bed. The experiments were done at 850°C, and they
practically excluded the onset of reducing/sub-stoichiometric conditions in the bed as one of reasons for
agglomeration during combustion of liquid fuels. The main reasons for agglomeration of inert particles of
fluidized bed during combustion of liquid fuel are insufficiently high bed temperature and weak mixing at the
location where the fuel is introduced. A first measure for avoiding FB agglomeration was introducing liquid
fuels into fluidized beds only if the bed temperature was over 750°C (Brereton et al., 1995; Legros et al., 1991).
Moreover, enhancing the mixing of the fluidized bed at least in the region of the liquid fuel injection and
dispersing viscous fuels in relatively fine droplets are also effective (Legros et al., 1991; Barker and Beacham,
1980). Apart from inadequate nozzle designs or operating parameters, the agglomeration of fluidized bed
particles might be caused if the nozzle is positioned too low in the bed. In the lowest part of the fluidized bed
there is a great temperature gradient, starting from the inlet temperature of fluidizing air to the nominal bed
temperature. This temperature gradient exists in a relatively narrow zone of fluidized bed, but if the exit of the
nozzle is located just close to this zone, temperature of that zone will be even lower. Since the temperature in
the zone is lowered, the gas velocity decreases, while the mixing becomes weak. These conditions could
provoke agglomeration of fluidized bed particles. Legros et al. (1991) suggested a narrowed bottom part of
fluidized beds as a measure for improving mixing in the zone of fuel injection.

Nozzle position. In available literature there is some data about the height where the fuel is injected into
fluidized beds. Concerning CFB, in one case it was at 39 cm above primary air distributor (Brereton et al.,
1995), while in another paper the nozzle was only 12 cm above the bubble caps (Anthony and Lu, 2001).
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Regarding BFB, the height of the nozzle location in the fluidized bed was given only by Miccio et al. (1999),
that is 6.5 cm above the distributor level. All these examples are from research activities, and in all the cases the
feeding was regarded as a successful one.

Location of fuel nozzles is a matter of optimization between the need to avoid agglomeration (shallow
nozzle) and that of increasing the residence time of liquid fuel and its vapor (deep nozzle). In both early and
recent research works, it was determined that for good feeding and dispersion of liquid fuel in a fluidized bed it
is favorable to assist the liquid fuel injection with air or steam (Brereton et al., 1995; Anthony and Lu, 2001;
Wu et al., 2001; Miccio et al., 1999). However, in the case of larger pilot facilities or industrial plants,
according to the published papers, there was no need for air assisting dispersion of liquid fuel (North et al.,
1999; Barczus et al., 2001).

Miccio et al. (1999) made tests with and without air assistance to dispersion of liquid fuel (bitumen-based
emulsion). During the liquid fuel feeding without air assistance no operation problems were experienced and
the authors found that the combustion efficiency and the emissions were not largely affected by air assisting.
However, they concluded that higher ratio of air to fuel flow rate gave more regular operation of nozzle feeding.
Anthony and Lu (2001) provided similar comments: air assistance is necessary for good atomization and most
importantly for improving the mixing in the immediate vicinity of the nozzle. They also did not recommend
high flow rate of assisting air, since they did not notice better operation performance with a remarkably
increased air flow rate through the nozzle.

Nozzle number. Finally, the design approach for the number of nozzles per unit cross section of the
fluidized bed for liquid fuel feeding could be the same as that for high volatile solid fuels (e.g., lignite or
biomass). For small-scale units used in research activity, with a cross section up to 0.15 m? a single injector
was always used. Hence, from these investigations an appropriate conclusion could be hardly drawn about the
optimum number of injectors per square meter of the furnace cross-section. The paper by North et al. (1999)
reported that in an industrial plant of about 20 MWth there were 6 injectors per 21 m” of bubbling fluidized bed
cross section. On another side there are some recommendations that number of nozzles for liquid fuels should
be similar to the number of feeding points for coal, i.e., one feeding point per square meter of furnace cross
section (Stubington and Davidson, 1981). Since there are very few published papers about fluidized bed
industrial plants fired with liquid fuel, the optimum number of feeding points still remains a questionable
design parameter.

COMBUSTION RESULTS

Petroleum-derived firels. One of first published investigations with combustion tests on liquid fuels in a
fluidized bed combustor was done by Pillai and Elliot in 1976. They used commercial liquid fuels, i.e., diesel
fuel and heavy fuel-oil and tested four different positions for introducing liquid fuels into the furnace; one of
ports was overbed, more exactly 0.25 m above the bed surface. In spite of suitable variations of excess air,
fluidization velocity and temperature, this overbed trial was treated as unsuccessful. The main disadvantage
was a very low burn off in the bed, which was made evident by a luminous and sooty flame above the bed. The
authors highlighted that only few percentages of the heat introduced with fuel were developed in the fluidized
bed. But the change of nozzle position did not give much better results. Other positions of the nozzle were just
at the level of fluidized bed surface and in the bed. The combustion efficiency with reference to the fluidized
bed was slightly higher after the changes in nozzle position, but not yet satisfactory, being only 20% at
maximum. The main reason was the shallow bed, only 150 mm high. As an attempt for increasing the
combustion efficiency, their idea was to enable long enough residence time of fuel vapors within the bed and to
improve mixing between fuel and air within the bed. They tried a two-stage combustion process in a single
fluidized bed. The leading idea was to create two zones in one fluidized bed: the bottom zone with greater and
heavier particles for liquid fuel gasification at lower temperature, and the upper zone with lighter particles for
combustion at higher temperature. For that purpose the inert solids consisted of two different materials, with
different density and particle size.

Almost the same idea of two-zone fluidized bed was applied by a group of pioneering Russian
investigators (Keler and Berg, 1979; Berg et al., 1983). In the first experimental set-up they installed heat
exchanger tubes in the upper zone of the bed, 100 mm above the fuel nozzle and 200 mm above the distributor
plate. The main purpose of the embedded tubes was to prevent formation of great gas bubbles and to improve
mass exchange between fuel vapor bubbles and emulsion. At a bed temperature of 930°C and 25% excess air
the heat loss in unburned gases was 1.5%, whereas at 1050°C and 10% excess air a negligible heat loss was
found. This temperature, however, was too high for efficient sulfur retention. For that reason the authors
decided to use coarser solid particles in the lower part of the bed, with the idea that different temperatures could
be obtained in the lower and upper part of the fluidized bed. The lower temperature is favorable for sulfur
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retention, while the higher temperature for large combustion efficiency. As the next step, the same authors built
a two-stage fluidized bed, by separating it along its height with a distributor plate. In the lower part of the bed
the liquid fuel was vaporized and partly burnt, whereas the intermediate distributor plate allowed much better
mixing between the fuel vapors and air entering the upper fluidized bed. This segmented fluidized bed was
suitable for much quicker heat up of the equipment. The authors observed that above 600°C the liquid fuels
burned without any external support.

In parallel, a pioneering experimental work was satisfactorily carried out on pressurized fluidized bed
combustion of liquid fuel by Roberts et al. (1975). The experiments were carried out on a combustor with a
plan area up to 0.7 m?, operating at pressures up to 600 kPa. Combustion of heavy oil was surprisingly
successful even at the lowest tested temperature, i.e., 800°C, the combustion efficiency being always greater
than 99.8%. On the contrary, the combustion efficiency of parallel coal-fired tests dropped down to 97.5%
when decreasing the bed temperature to 800°C. It is worth noting that a baffle system was used in the freeboard
to reduce the extent of splashing zone and hence to improve the combustion efficiency in the bed. An important
authors’ recommendation was that of ensuring exceptionally uniform fuel and air distribution in the bed. In turn,
this will reduce undesirable freeboard combustion and consequent drawbacks like difficult control of heat
exchange duties, excessive freeboard temperature resulting in possible ash softening, alkali volatilization, etc.,
and hence fouling of surfaces downstream.

Beacham and Marshall (1979) reported a successful experience and combustion results of heavy fuel oil in
an industrial fluidized bed boiler, that was reconstructed from a spreader stoker fired boiler. The heavy fuel oil
was injected through several specially designed injectors, the so-called “climbing film” oil nozzles. In the same
boiler they tested different types of coal, too. The same nominal steam output obtained with coal was also
reached by burning the heavy fuel oil with 40% excess air. Combustion efficiency was 99.5%, whereas CO
concentration in flue gases was below 100 ppm.

On the basis of accumulated experience from several different fluidized bed combustors and boilers,
Barker and Beacham (1980) gave some kind of overview of petroleum-derived liquid fuel combustion results in
UK. Liquid fuels, especially the more volatile ones, are very quickly transformed into vapors as a result of
heating, but pass through the fluidized bed without being adequately mixed with air. This leads to poor in-bed
combustion and high temperatures above the bed and along the freeboard. Even worse, fuels can leave the
combustion system without being completely burnt. They reported about the attempts to improve the
combustion process performance. For instance, the tests performed in a 300 mm ID combustor showed that
generally the increase in the bed solids inventory was beneficial, but not beyond a bed height of 50 cm. For
other fluidized boilers Barker and Beacham discussed about satisfactory liquid fuel combustion with a bed
height in the range 0.5-0.7 m and fluidizing velocities in the range 1.5-3 m/s. As a successful example, they
reported results from a fluidized bed boiler where the combustion efficiency was 99.9%, the unburned carbon
in fly ash was 0.23%, the freeboard temperature was lower than the bed temperature (760 versus 840°C), with
an excess air of 20%. In this case high combustion efficiency was accomplished at the optimal bed temperature
for sulfur retention (about 850°C).

Enyakin et al. (1980) made combustion tests with heavy fuel oil in a pilot bubbling fluidized bed boiler,
with the cross section of 0.5 m”. The bed was relatively deep, 0.9 m, and as a consequence 90% of the fuel was
able to burn within the bed, 6% in the splash zone and the rest in the convective sections of the freeboard. They
were able of achieving a specific power output as high as 2.9 MW/m? (with ref. to the combustor cross section).
In order to further decrease the extent of combustion above the bed with this heavy fuel oil they recommended
a bed depth till to 1.5 m. They also reported visual and acoustic observations; in particular, they noticed
appearance and explosion of fuel bubbles at the bed surface.

Along the same path, Borodulya et al. (1992) challenged the issue of estimating the optimum height of a
bubbling fluidized bed burning conventional liquid fuels. They concluded that the optimum bed height linearly
depends on the liquid fuel feed rate; further, they provided reference values about the optimal height, which
should be from 0.55 till 0.85 m for a fuel feed rate per single nozzle from 1.2 to 1.8 kg/h.

Combustion and desulfurization tests of a high sulfur liquid fuel (Egyptian mazut) have been successfully
carried out by Okasha et al. (2003) in a bubbling fluidized bed combustor with 300 mm ID and 3.3 m height,
equipped with a purposely designed fuel injector in the bed region. Among operating variables, the focus was
on the role played by the bed height, the injection air flow rate and the Ca/S ratio, in order to minimize the
influence of segregation phenomena in the bed on combustion efficiency and sulfur retention. In particular, the
rate of dispersion gas used for the fuel injection had the largest effect on bed mixing and higher values boosted
both fuel conversion and desulfurization.

Fluidized combustion of Orimulsion® was investigated in a joint project by ENEL (I) and National
Research Council of Italy. Combustion tests were performed by Miccio et al. (1999) in a bubbling fluidized bed
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experimental facility with 370 mm ID and 4.6 m height. The bed temperature was constant at 850°C. The
combustion efficiency of the Orimulsion® was always greater than 98.5%. A part of the fuel burnt in the
freeboard and, therefore, a temperature over 1000°C was measured there. This finding was interpreted as the
consequence of insufficient mixing between the fuel and air within the bed. As a confirmation of intensive
combustion in the splash zone, the oxygen concentration profile showed a very sharp drop of about 4% just
above the bed. The bed height was in the range 30-71 cm, and it was noticed that the increase of the bed height
led to the decrease of temperature in the freeboard, on account of a greater residence time of the fuel in the bed.
For the bed height of about 70 cm, the temperature in the freeboard exceeded the bed one by 100°C. The
measurements by Miccio et al. (1999) showed very uneven gas concentration profile in radial direction in the
splash zone. The gas probe was positioned above the bed surface and oxygen concentration ranged from 2%
above the injection point till 10 % at the opposite side. This was the proof that even a bed as tall as 70 cm did
not enable satisfactory mixing and residence time of fuel within the bed. This implies that lateral mixing could
be a limitation for realizing efficient combustion of liquid fuel within large scale fluidized bed. In spite of this
uneven gas concentration profile, the authors calculated that 80-95 % of the liquid fuel conversion occurred in
the fluidized bed.

Miccio et al. (1999) carried out some injection tests under inert atmosphere and found that only less than
10% of carbon originally contained in Orimulsion® was converted into a solid carbon phase. This evidence
implies that combustion of Orimulsion®, after evaporation of fuel droplets, can be treated as homogeneous
combustion only.

Non-commercial liquid fiels. Kerr and Probert (1990) attempted co-combustion of acid tar, a by-product
of oil-refining industry, with coal. They run a bubbling fluidized bed combustor of 1.2m x 1.2m cross section,
with a total heat input of about 2 MWy, the share of acid tar being about a half. The bed height was 0.75 m, the
bed temperature constant and equal to 855°C, the primary to secondary air ratio around 2:1. Several tests were
made ending in very successful results: a combustion efficiency as high as 99% was attained. The authors
reported that, however, about 2/3 of the heat was developed in the fluidized bed and 1/3 above the bed during
co-combustion. Since they did not present combustion results of sole coal, it is hard to estimate how much the
acid tar burnt in the fluidized bed and how much above the bed.

Very extensive testing of pitch combustion has been carried out at the University of British Columbia
(CDN). Combustion tests were performed in a 152 mm square cross-section circulating fluidized combustor
with a height of 7.3 m. Different values of primary to secondary air ratio were used in order to obtain good
mixing characteristics in the bottom part and in the upper part with appropriate temperature distribution along
the riser. Typical temperatures in the riser were 850-900°C. The pitch material was fed into the riser through a
nozzle at the same level of the solids return valve, only after the combustor temperature had reached the value
of 750°C. The measured values of operating temperature at several places along the riser were in a relatively
narrow range, i.e., only 20°C. In all tests the combustion efficiency was very high, always over 99%. It is worth
mentioning that a temperature in the riser of about 760°C was enough high to enable high combustion
efficiency of over 99.9% (Legros et al., 1991). Even at this temperature the emissions of hydrocarbons and CO
were not larger than 30 ppm and 160 ppm at 3% O in flue gases. The authors did not notice any effect of the
air flow ratio on the combustion efficiency.

In combustion tests performed afterwards, with the main aim of obtaining high sulfur retention efficiency
by limestone, Brereton et al. (1995) changed the operational parameters a little. The primary to secondary air
ratio was increased to 2.5, the pitch feed rate was decreased with a consequence of higher excess air and
oxygen concentration of 7% in flue gases. Again the combustion efficiency was very high, i.e., 99.7%. Since
very high temperature was measured in the secondary cyclone, almost the same value as in the riser, it was
concluded that cyclones played an important role in final stage of homogeneous combustion of CO and
hydrocarbons. Also Lafanechere et al. (2001) considered pitch for co-combustion with two coals at an industrial
CFB boiler of 60 MWth in Marseille (F). They were mainly concerned with the furnace temperature profile and
the boiler heat transfer coefficients, with some benefits provided by pitch addition.

In a similar way, Wu et al. (2001) successfully tested asphalt in a pilot CFB combustor obtaining high
combustion efficiency between 99 and 99.5%, while the temperature difference between the bottom bed and the
top of the riser did not exceed 50°C. Differently from coal combustion in a circulating fluidized bed where
there is a relatively sharp drop of oxygen concentration in the riser wall region rich in char and inert particles,
during combustion of liquid fuel they measured relatively close values of oxygen concentrations near the wall
and at the center of the riser cross section. This implies that in the case of liquid fuel combustion a more
homogeneous gas concentration field establishes in the riser cross section.

At the same time, Barczus et al. (2001) tested a heavy oil in another pre-pilot CFB combustor. They
concluded that temperature is not a critical parameter for highly efficient combustion. At a riser temperature of
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850°C combustion efficiency was reported to be acceptably high and concentrations of CO and hydrocarbons in
flue gases were very low, i.e., less than 30 ppm; at 915°C, unburned gaseous components were almost
non-detectable.

Anthony and Lu (2001) equipped a pilot bubbling fluidized bed facility to burn three different
petroleum-based liquid fuels: heavy oil, pitch and bitumen. Once a nozzle for good atomization of the liquid
fuels was designed, an extensive program of experiments was carried out. The bed height ranged from 0.4 till
1 m. They found that the increase of bed height did not have effect on the temperature distributions along the
furnace height and on the combustion efficiency. Secondary air was used, but there were no comments
regarding the effect of the secondary air. The authors varied the fluidizing velocity from 1.3 till 2.8 m/s. They
observed that fluidizing velocity affected the temperature in the freeboard. During combustion of the heavy oil
with a lower fluidizing velocity, they measured lower temperatures in the freeboard, and it was explained by a
longer residence time of fuel in the fluidized bed, and a greater part of the fuel burnt in the bed. However,
during combustion of pitch, the opposite happened, i.e., the greater fluidizing velocity led to lower
temperatures in the freeboard. This phenomenon was explained by an enhanced mixing in the bed. Comparing
the measured values during combustion of different liquid fuels, they concluded that the type of liquid fuel did
not significantly affect the temperature distributions along the height of the furnace. Much more influence on
the temperature distributions had the nozzle type. Generally, the combustion efficiency was always higher than
98.5%.

One of very rare examples of industrial applications of bubbling fluidized bed for burning liquid fuel
residues was given by North et al. (1999). In a boiler furnace of 21 m? cross section and 6 m height a high
sulfur pitch was burnt with the addition of wastewater containing organic compounds. The authors reported an
increase in the freeboard temperature up to 1200°C, which was 170°C over the bed temperature; therefore, they
estimated that about 40% of the pitch burnt above the bed surface.

Recently, Miccio et al. (2008) burned two liquid biofuels, i.e., biodiesel and sunflower oil, in a lab-scale
internal circulating fluidized bed reactor (ICFB) for co-gasification of biomass/waste fuels or incineration of
liquid wastes. The fuel was fed to the inner column (riser), so the combustion of fuel vapors took place with a
rather limited residence time. The study has been aimed at checking the occurrence of the micro-explosive
behavior already observed in BFB combustion. The efficiency of combustion and the CO emissions slightly
differ between biodiesel and sunflower oil, the biodiesel giving rise to a better combustion performance.

EMISSIONS

Sulfur oxides. Light petroleum-based liquid fuels have usually low content of sulfur and can be burnt in
conventional burners with low emission. With combustion of heavy petroleum-based liquid fuels, one of main
problems is the emission of sulfur oxides.

Roberts et al. (1975) carried out experiments on sulfur retention using dolomite and limestone at
combustion pressures of 350-600 kPa and temperature of 800°C. The obtained results indicated that the sulfur
retention efficiencies, both of heavy oil and coal, are similar. As expected, the sulfur retention was enhanced
with Ca/S molar ratio, in particular, when using dolomite. For instance, sulfur retention increased from 72 % to
92% raising Ca/S ratio from 0.8 to 1.8 in the case of dolomite. On the other side, it increased from 65% to 77%
raising Ca/S ratio from 1.8 to 2.8. They always found a modest improvement in sulfur retention with increase in
bed temperature. The behavior is quite different from that at atmospheric pressure where sulfur retention falls
sharply with a temperature increase above 800-850°C.

Beacham and Marshall (1979) reported a high sulfur retention in a FB boiler burning a heavy fuel oil
containing 3% sulfur. About 95% SO, retention was achieved at the expense of a Ca/S ratio as high as 5.3.

Enjakin et al. (1980, 1985) performed combustion tests with commercial heavy fuel oil (mazut) containing
2.1% sulfur in a pilot plant with the fluidized bed cross section of 0.5 m’. They made three trials, the first with
dolomite, the second with limestone, and the third without adding any sorbent. In the latter case, the
concentrations were 35 ppm SO; and 700 ppm SO,. After adding sorbents the concentrations decreased to 6
ppm SO3 and 210 ppm SO,, at Ca/S ratio equal to 3. Further increase of the Ca/S ratio was not effective on
further decreasing of the sulfur oxides concentrations. One of conclusions of the authors was that the measured
concentration of SO; (6 ppm) was low enough and would not lead to dew-point corrosion of heat exchange
surfaces. In fact, the major problem with SO is related to lowering the acid dew-point of wet flue gases, which
effects more rapid metal corrosion of heat exchangers. For instance, at 1 ppm SO; the acid dew-point is 110°C,
while at 80 ppm SOj; the acid dew-point is 150°C (Brereton et al., 1995).

In a further paper on petroleum-based liquid fuel combustion in fluidized bed, Barker and Beacham (1980)
reported about concentrations of SOs. The authors measured 6 ppm of SO; and 2640 ppm of SO, in combustion
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tests without addition of limestone, while they did not detect any SO; in tests with limestone. In these
combustion tests, similarly to findings of Enjakin et al. (1985), SO, did not show a remarkable tendency to SO;
conversion at standard FBC temperature and with excess air of 20%.

Barker and Beacham (1980) noticed that the inert bed material of fluidized bed during combustion of
petroleum based liquid fuel retained “a large proportion of the ash from liquid fuel”. In their liquid fuel the
main ash constituents were sodium and vanadium compounds. These metals created a surface layer on bed
particles of relatively inert compounds. The authors reported that more than 90% of vanadium from the ash was
retained on bed particles. The advantage of the layer is avoiding catalytic effects of vanadium in the stream of
flue gases, in combination with SOs, with extreme corrosion of the heat exchange surfaces. Furthermore, it was
noticed by Barker and Beacham (1980), Enjakin et al. (1985), and Brereton at al. (1995) that the presence of
limestone has positive effects and significantly lowers the SO5; concentrations.

Typical molar ratio Ca/S for limestone added in FB combustors during combustion of liquid fuels was in a
similar range as for coal combustion. That means the ratio was usually around 3, but some combustion tests
were carried out with the molar ratio from 2 till 6.9 (Anthony and Lu, 2001).

Arthursson and Ostenberg (1979) reported about a demonstration bubbling fluidized bed boiler of
25 MWth for district heating. Since the fuel was high-sulfur residual oil, for accomplishing the high sulfur
retention they used dolomite as the inert bed material. Using this bed material the Ca/S molar ratio could be as
low as 1.5, while the emission of SO, was below the environmental requirements.

There is some difference in emission between combustion in bubbling and circulating fluidized beds.
Generally liquid fuels leave very quickly the bubbling bed in BFBC or the dense bottom bed in CFBC, and tend
to burn above the bed. For bubbling fluidized beds, this means that the formation of sulfur-oxides can occur to
a great extent above the bed, and practically without contacts with particles of limestone in the bed. As a result
the concentration of SO, can be very high. In circulating fluidized bed boilers, conditions for capturing SO, are
better, since limestone particles circulate together with inert material, passing the whole riser height and having
improved contact with gaseous sulfur oxides.

However, for optimal sulfur retention it is necessary that the liquid fuel burn off mainly occurs, if it cannot
be completed at all, just in the dense fluidized bed. That means the emission of sulfur-oxides is affected by the
quality of fuel distribution and dispersion, and also by positions of nozzles in the fluidized bed furnace. If
design solutions of nozzles and fluidized bed boilers enable combustion mainly in the bed, sulfur oxides will be
formed within the bed and, under controlled temperature conditions favorable to SO, capture, sulfur retention
by limestone or dolomite particles will result much higher.

Wu et al. (2001) conducted tests with asphalt in a CFBC pilot plant. They found that, for the same other
operating parameters, the use of steam instead of air for assistance to fuel injection led to higher SO, emission.
They achieved a maximum sulfur capture efficiency of 94% with SO, emission of 110 ppm.

The sulfur retention in CFB units burning liquid fuel was less effective if compared with coal, while
maintaining Ca/S ratio and other parameters the same. At a CFB plant of 60 MWth (Lafanechere et al., 2001)
the emission of SO, was almost quadrupled when half of the heat input was switched from coal to petroleum
pitch, while the sulfur content expressed per MJ of fuel heating value was about twice less in the petroleum
pitch than in the coal. Similar relatively low sulfur capturing efficiencies were measured during combustion of
petroleum liquid fuel in other CFB units (Zhang et al., 1991, Barczus et al., 2001). Zhang et al. (1991) carried
out combustion tests also in bubbling fluidized bed units, using petroleum fuels and coal; their conclusion was
that concerning liquid fuel the circulating fluidized bed gives a higher sulfur capturing efficiency than the
bubbling one.

In an industrial bubbling fluidized bed of 20MWth burning high sulfur pitch the sulfur capture efficiency
was 85%, with SO, emission of 400 ppm. In a very extensive investigation of Anthony and Lu (2001) three
different petroleum liquid fuels were tested in a bubbling FB combustor. Although the sulfur retention was in
the range 71-93%, the SO, emission was till 1600 ppm due to very high sulfur content.

Nitrogen oxides. Petroleum-based liquid fuels contain usually less nitrogen than coal on mass basis. If the
nitrogen content in liquid fuels is recalculated on the basis of heating value, it becomes even less compared to
coal. Therefore it seems that for reaching allowable emissions of nitrogen oxides it would not be necessary to
apply any special measures.

Roberts et al. (1975) reported that the NOy emissions from heavy oil (typically 130 ppm) are much lower
than from coal (300-600 ppm) in the case of atmospheric combustion. However, in the case of pressurized
combustion NOy emissions become comparable (around 110 ppm), as a large part of the NOy formed during
coal combustion is reduced inside the bed thanks to the high residence time and contact with char. NOy was
found to increase with excess air as usual, but no consistent effect of temperature was observed.

Beacham and Marshall (1979) confirmed the low NO, emissions of FBC burning heavy liquid fuels. NOy
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levels were typically below 140 ppm, but above 300 ppm when burning coal.

Keler and Berg (1979) reported that during mazut combustion in a laboratory bubbling fluidized bed the
NOy emission were in the range 150-400 mg/m3 at excess air 1.25. Comparing this value with the EU
regulations of that time (650 mg/m3) it was below the limit. But comparing with the present regulation these
emissions are somewhere across the limits (200-400 mg/m>, depending on thermal capacity).

Enjakin et al. (1980, 1985) favorably compared the NOy emissions during combustion of mazut in a pilot
bubbling fluidized bed boiler with those from industrial plants with conventional burners. The emissions of
NOy from the industrial plants were between 135 and 155 ppm, whereas from the FB pilot boiler ranged
between 90 and 110 ppm at the same value of excess air.

These good results obtained from the first research activities showed possibility for the fluidized bed
technology to achieve low emission of nitrogen oxides during combustion of liquid fuels. Since the
temperatures in combustion chamber of circulating or bubbling FB facilities are relatively low, the main part of
NOy originated from the nitrogen contained in the fuel. However, only a minor part of the fuel nitrogen is
converted to NOy. Barczus et al. (2001) found for a CFB unit that only 7% of the nitrogen from the used fuel
was converted to NOy. Anthony and Lu (2001) calculated that during experiments in their BFB combustor the
conversion of nitrogen to NOy was between 14 and 52%, whose range includes the value (19%) reported by
North et al. (1999) for another industrial BFB facility.

More recent data were obtained in a pilot CFB unit by Barczus et al. (2001) with NOy level very close to
100 ppm for two different operational temperatures (850 and 915°C). During these experiments N>O was not
detected, this result being attributed to presence of hydrogen radicals, formed during the hydrocarbon
decomposition and active for reduction of N,O.

At the previously mentioned CFB plant of 60 MWth (Lafanechere et al., 2001) replacing a half of the coal
heat input by a petroleum pitch led to an increase of NOy up to 25%, in spite of the fact that the petroleum pitch
had a 4 times lower content of nitrogen. No information was reported on changes of temperature profiles in the
combustor, but it was reported that during co-combustion the oxygen concentration was higher (39% expressed
in relative number). Taking into account that in the case of co-combustion the content of char particles in the
riser was smaller and the oxygen concentration was higher, it is likely that these factors led to higher
concentrations of NOy.

Investigating the effects of different types of assisting fluid in feeding of heavy petroleum residues, Wu et
al. (2001) detected that for the same total excess air the use of steam as assisting medium for fuel injection,
instead of air, led to considerably decreasing NOy emission (260 ppm with air, 200 ppm with steam).

At bubbling fluidized bed facilities different values of NOy emissions were measured. At an industrial unit
of about 20 MWth (North et al., 1999), NOy emissions in two tests were 200 and 140 ppm.

The influence of oxygen concentration changes on NO, was presented in the work by Miccio et al. (1999)
on Orimulsion®. The measured NOy emissions ranged from 60 till 80 ppm at O, concentrations in flue gases
below 3% and reached about 140 ppm at 5% O,.

Carbon monoxide. The emission of CO is a consequence of the inefficiency of combustion process. In
general, high concentrations of CO have been measured in the flue gases from some lab-scale or pilot
experimental facilities burning petroleum-based liquid fuel. However, those findings cannot be considered
representative of a general assessment of combustion process. A liquid fuel very quickly vaporizes and runs out
the fluidized bed, burning above the fluidized bed as well. Therefore small height of experimental FB unit can
give rise to great concentrations of CO because of a too short residence time.

With reference to bubbling fluidized beds, Miccio et al. (1999) reported CO emissions around 200 ppm (in
some trials as low as 50 ppm) in a 370 mm ID, 4 m tall experimental BFB facility. In contrast, Anthony and Lu
(2001) reported measured values of much higher CO emissions from their pilot combustor, ranging from 150 to
more than 3000 ppm.

In CFB facilities the emissions of CO varied, but in general were lower than in bubbling fluidized bed. In
the industrial plant Somedith (Lafanechere et al., 2001) the CO concentration was halved during co-combustion
of pitch and coal compared to solely coal. In other pilot CFB units, at approximately the same conditions of
temperature and excess air, the CO concentrations varied from 24 ppm (Barczus et al., 2001), over 150 ppm
(Wu et al., 2001), till 270 ppm (Brereton et al., 1995).

Ash. Since the liquid fuels - even the heaviest of them like bitumen and asphalt - have mineral components
not over 2% and very often below 1%, ash problems are generally not reported. It was noticed that some of
heavy liquid fuels have very high concentrations of heavy metals. Therefore, there is necessity of taking care
about this material: for instance Wu et al. (2001) reported the chemical analysis of asphalt ash leachate after a
24-hour treatment in an acetic acid solution, showing that the concentrations of heavy metals were a few orders
of magnitude less than the permitted values.
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Since the content of vanadium can be high in ash of liquid fuels (in some petroleum pitch V,0s rates up to
25%), and it exerts a very strong catalytic effect, vanadium was separately analyzed in a few papers. Besides its
role in creating aggressive species, it is important that vanadium and generally heavy metals are not emitted as
vapor with flue gases. Legros et al. (1991) checked the mass balance on vanadium during FB combustion of
liquid fuels; it was closed to 95% in one case and 129% in another case, confirming that all vanadium remained
in solid phase.

Barker and Beacham (1980) commented on the fate of liquid fuel ash and fluidized bed material. Contrary
to coal combustion where coal ash usually replaces the initial bed material, during combustion of liquid fuel the
initial bed material practically does not change. Since they detected that the bed material retained some
components from the liquid fuel ash, they emphasized that an appropriate bed material should be chosen during
combustion of liquid fuel to retain the main and the most harmful ash components.

CONCLUSIONS

A general picture of phenomena occurring during the liquid fuel combustion process in a bubbling
fluidized bed or in the bottom bed of a CBFC riser is available nowadays. They are fuel injection with
air-assisted atomization or without it, fuel vaporization, fuel vapor bubble formation, fuel vapor pyrolysis and
homogeneous oxidation, mixing of the fuel (and its products) by coalescence with the exogenous (air) bubbles,
mass transfer between the fuel bubbles and the dense phase by convection and diffusion.

Combustion results of different liquid fuels obtained at different pilot and industrial fluidized bed facilities
imply that, in order to achieve an efficient combustion process, the main operating variables, such as bed
temperature, fluidizing velocity, bed height, excess air factor, primary-to-secondary air ratio, etc., must have
practically the same values as those adopted for coal combustion. The most important issues for efficient
combustion of liquid fuels are in relation to design and operation of the fuel feeding system.

A reasonable choice of fuel injection design and operation parameters is more critical in BFBC than in
CFBC because it is just the bubbling bed and not the freeboard the place where mixing actions and mass
transfer phenomena, which are required for efficient contacting and burning, are carried out.

Many investigators (Pillai and Elliot, 1976; Enyakin et al., 1980; Stubington and Davidson, 1981; Deguchi
et al., 1984; Kerr et al., 1990; Miccio et al., 1999; Frassoldati et al., 2007) reported a temperature increase in the
freeboard with respect to the bed (e.g., up to 200°C) and intense above-bed combustion. This was due to
incomplete burn off of fuel vapors or pyrolysis products within the bed and/or their partial bypass as bubbles.
In general, the extent of post-combustion was reduced by increasing bed temperature, bed height and fuel feed
nozzle size; it was less sensitive to dispersing air velocity, whereas it was enhanced by use of secondary air.

As long as the operating bed temperature moves downward from the typical value for FBC of solid fuels,
i.e., 850°C, more and more of fuel burn off is deferred from the bed to the freeboard. More importantly, the
general combustion pattern becomes less smooth and predictable, with proven evidence of sudden light flashes
in the splash zone, pressure spikes in the freeboard and detectable acoustic waves (Ferrante et al., 2008). The
ensemble of these events was referred to as micro—explosion (Miccio et al., 2003), was typical of the liquid fuel
combustion at low-temperature, i.e., 650-750°C, and made the fluidized combustion of liquid fuels quite similar
to that of premixed gaseous fuels (Pre et al., 1998).

Taking into account the possibilities of adding sorbent particles, with the consequent in situ capture of SO,
and of using catalytic particles as bed solids to retain or convert other harmful compounds, we can conclude
that the fluidized bed technology is favorable compared to other conventional liquid fuel burning technologies,
when the concept of in sifu emissions control is preferred to that of post-processing of gaseous exhausts. This is
especially true in the cases of high sulfur liquid fuels or dirty wastes.

A serious concern remains about the emissions of heavy metals and alkali species in the cases of heavy
fuels or refinery wastes. Anyway, Barker and Beacham (1980) reported capture of Na (>75% of input) and Va
(>90% of input) by bed particles.

Of course, the recently raised issue of nano-particulate emission remains open to questions and for sure
deserves suitable investigations.

Combustion of petroleum-based liquid fuels in fluidized beds showed also that emission of nitrogen
oxides can be lower than in conventional boilers. Since the earlier works low NOy emissions were
demonstrated in FBC of heavy liquid fuels. In bubbling FBC NOy levels were typically below 140 ppm,
whereas the levels were above 300 ppm when burning coal (Beacham and Marshall, 1979). The main part of
NOy originates from the nitrogen contained in the fuel, although only a minor part of the fuel nitrogen is
converted to NOx (e.g., between 14 and 52% according to Anthony and Lu, 2001).

Concerning N,O, it was not detected in a reference set of experiments (Barczus et al., 2001).

Additional research work directed at improving liquid fuel distribution and dispersion will have a firm
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fallout on the front of emissions. The resulting enhancement in contacting and mixing patterns will be reflected
in diminishing emissions of CO and increasing SO, retention.

From the operation viewpoint, we may conclude that FB combustion of conventional liquid fuels (i.e.,
commercial products of oil refining) was demonstrated to be technically and environmentally feasible since the
early works (Barker and Beacham, 1980). The most important aspects relevant to plant design, operation and
performance refer to the fuel feeding system:

— number of nozzles or nozzle density per bed square cross section in large plants

— vertical location and arrangement of nozzles in the bed

— use of a secondary gaseous stream (e.g., air) for assistance to liquid fuel dispersion or atomization

— choice of an optimal dispersion velocity (referred to the nozzle exit section) for a suitable jet

penetration inside the bed and a proper droplet size distribution of the dispersed liquid fuel

— choice of an optimal Air-to-Liquid fuel mass feed ratio for an appropriate fuel droplet size distribution

In general, bed design and operating conditions are to be preferred, under which the residence time of
fuel-containing bubbles is prevailing on other characteristic times such as fuel vaporization. From an
application point of view this can be achieved by deep underbed fuel feeding and air-assisted injection.

The above aspects have been studied at the lab scale and generally tested with success at the pilot scale.
However, scale-up to industrial size application requires further consideration.

From the application viewpoint, we may conclude that FB combustion of conventional liquid fuels (i.e.,
commercial products of oil refining) is not competitive in the sector of utility or for process heat generation. It
is not appealing from the viewpoint of fuel utilization and is not economically convenient from the viewpoint
of investment and operation costs.

The situation changes when FB combustion is considered for non-commercial liquid fuels like high sulfur
oil-derived fractions or dirty wastes or renewable liquid fuels. In the past, the FB combustion of high sulfur fuel
oil was applied in some instances with the goal of attaining an effective desulfurization and a successful
combustion at the same time (Barker and Beacham, 1980; Arthursson and Ostenberg, 1979). Renewable liquid
fuels (e.g., vegetable oils) might be burned in FBC systems at small to medium scale for district heating or
decentralized heat and power generation in developed countries or third-world regions where oily biomass is
easily grown and processable. This option does not exclude the co-combustion with solid fuels or a dual fuel
plant configuration with a switch between solid and liquid fuels, opening perspectives for both new
investigations and applications.

Finally, a new possibility is envisaged for applications in which the released heat is directed at producing
high temperature, high pressure fluid streams (e.g., for use in an external engine) taking advantage of the
extremely high heat transfer coefficients in fluidized bed.
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Abstract: We have conducted a DNS study of dilute turbulent particulate flow in a vertical plane
channel, considering up to 8192 finite-size rigid particles with numerically resolved phase
interfaces. The particle diameter corresponds to approximately 9 wall units and their terminal
Reynolds number is set to 136. The fluid flow with bulk Reynolds number 2700 is directed
upward, which maintains the particles suspended upon average. Two different density ratios
were simulated, varying by a factor of 4.5. The corresponding Stokes numbers of the two
particles were O(10) in the near-wall region and O(1) in the outer flow. We have observed the
formation of large-scale elongated streak-like structures with streamwise dimensions of the
order of 8 channel half-widths and cross-stream dimensions of the order of one half-width. At
the same time, we have found no evidence of significant formation of particle clusters, which
suggests that the large structures are due to an intrinsic instability of the flow, triggered by
the presence of the particles. It was found that the mean flow velocity profile tends towards a
concave shape, and the turbulence intensity as well as the normal stress anisotropy are
strongly increased. The effect of varying the Stokes number while keeping the buoyancy,
particle size and volume fraction constant was relatively weak. More details about part of this
work can be found in Uhlmann (2008).

Keywords: particulate flow, turbulence, channel flow, DNS, immersed boundary method

INTRODUCTION

In the present study we are interested in the effect of solid heavy particles upon the structure of turbulent
flow in a vertical plane channel. Past experimental studies of this configuration have revealed that the
turbulence intensity can be substantially modified by the addition of particles (Tsuji el al., 1984; Kulick et al.,
1994; Suzuki et al., 2000). Depending on the exact choice of the various parameters, either enhancement or
attenuation can be achieved. However, the underlying mechanisms of the interaction between the two phases
have so far not been elucidated in detail, especially in the regime where the smallest length scales of the
turbulent flow are comparable to the particle diameter. Moreover, laboratory measurements can often not
provide flow data with sufficient detail for the purpose of analyzing the dynamics of the interaction processes.
Previous numerical simulations, on the other hand, have for the most part been limited to the point-particle
regime, which loses its validity when the particle Reynolds number becomes appreciable and/or the size of the
particles is not negligible compared to the smallest fluid scales (Elghobashi, 1994). More specifically, particle
wakes cannot be represented in the framework of the point-particle approach. To our knowledge, the only
previous direct numerical simulation (DNS) study of turbulent vertical channel flow with finite-size particles
has been performed by Kajishima et al, (2001). However, these authors considered only a small number
(Np=36) of relatively large particles (with a diameter corresponding to 32 wall units) and the angular particle
motion was neglected. In the course of the present study we have performed interface-resolved DNS of
turbulent flow in a vertical plane channel configuration involving up to 8192 spherical particles and integrating
the equations of motion over O(100) bulk flow time units. In the following section the particular immersed
boundary method used in our simulations is reviewed. We proceed by describing the specific conditions of the
simulated flow cases as well as the initialization procedure, before turning to the presentation of the resuits.
We discuss the Lagrangian correlation functions, the dispersion data, the spatial distribution of the dispersed
phase, the structure of the carrier phase and finally the Eulerian statistics. The paper closes with a short
summary and conclusion.

NUMERICAL METHOD

The Navier-Stokes equations for an incompressible fluid can be written as:
o,u+(uVyu+V p=vV’u+f (1a)
V-u=0 (1b)
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where # is the vector of fluid velocities, p the pressure normalized with the fluid density and f a volume force
term. The basic idea of the immersed boundary method is to solve these equations in the entire domain €2
including the space occupied by the solid particles, instead of only considering the interstitial fluid domain £2.
For this purpose, the force term fis introduced and formulated in such a way as to impose a rigid body motion
upon the fluid at the locations of the solid particles. The main advantage of this approach lies in the possibility
to use a fixed computational grid with a simple structure, allowing for efficient numerical solution techniques
to be applied. In the following we will recall the essential points of our specific formulation of the immersed
boundary method (Uhlmann, 2004). For this purpose, let us write the momentum equation in semi-discrete
form:
u"'—u" n+1/2 n+1/2

Y =rhs +f 2)
where rhs regroups the convection term, the pressure gradient and the viscous term, the superscripts denoting
the time level. The additional force in (2) can be expressed by simply rewriting the equation (Fadlun et al,
2000):

(d) _ g m
fn+1I2:u Al” — rhs"t? (3)

where 4 is the desired velocity at any grid point where forcing is to be applied (i.e., at a node inside a solid
body). Formula (3) is characteristic for direct forcing methods (Fadlun et al., 2000; Kim et al., 2001), as
opposed to formulations which rely on a feed-back mechanism (Lai and Peskin, 2000; Goldstein et al., 1993;
Hoefler and Schwarzer, 2000). The drawback of the latter techniques is an often severe restriction of the time
step, caused by the time scale of the feed-back law itself. Direct forcing methods, on the other hand, are free
from this restriction. However, problems can arise in practice from the fact that the solid-fluid interface
seldomly coincides with the Eulerian grid lines, meaning that interpolation needs to be performed in order to
obtain an adequate representation of the interface. Inspired by Peskin’s original immersed boundary method
(Peskin, 1972; Peskin, 2002), we choose to compute the force term at Lagrangian positions attached to the
surface of the particles, viz.
v-u" ey
A7 RHS 4
where upper-case letters indicate quantities evaluated at Lagrangian coordinates. Obviously, the velocity in the
particle domain S is simply given by the solid-body motion,

U=u+w x(X-x,), XES (5)
as a function of the translational and rotational velocities of the particle, u., £2., and its center coordinates, x,
The two remaining terms on the right hand side of (4) can be collected as

U=U"+RHS"™ ' A¢ (6)

which corresponds to a preliminary velocity obtained without applying a force term. Its Eulerian counterpart, is
evaluated explicitly as:

Fn+1/2:

a=u"+rhs""'"* At 7
The final element of our method is the transfer of the velocity (and r.A.s. forces) from Eulerian to
Lagrangian positions as well as the inverse transfer of the forcing term to the Eulerian grid positions. For this
purpose we define a Cartesian grid x;; with uniform mesh width x in all three directions. Furthermore, we
distribute so-called discrete Lagrangian force points X/ (with / </ < NL) evenly on the particle surface. An
even distribution of points on the surface of a sphere can be obtained in a pre-processing step by an iterative
procedure (see Appendix A in Uhlmann, 2004). Using the regularized delta function formalism of Peskin
(Peskin, 1972; Peskin, 2002), the Eulerian/Lagrangian transfer can be written as:

0(X1):Zi ik ﬁ(xi,j,k)6h<xi,j,k_Xl)Ax3 (8a)

f<xi,j.k):zlF<XI)6/1(xi,j,k_Xl)AV/ (8b)
where AV, designates the forcing volume assigned to the /™ force point. We use a particular function &, which
has the properties of continuous differentiability, second order accuracy, support of three grid nodes in each
direction and consistency with basic properties of the Dirac delta function (Roma et al, 1999). It should be
underlined that the force points are distributed on the interface between fluid and solid, and not throughout the
whole solid domain. The reason for this is efficiency: the particle-related work currently scales as D’ /(Ax)z
instead of D’ /(Ax)3, where D is the particle diameter. The consequences for the efficiency of the forcing due to
these two alternative placements of the forcing points have been discussed in a previous study (Uhlmann,
2005b). The above method has been implemented in a staggered finite-difference context, involving central,
second-order accurate spatial operators, an implicit treatment of the viscous terms and a three-step Runge-Kutta
procedure for the non-linear part. Continuity in the entire domain €2 is enforced by means of a projection



DIRECT NUMERICAL SIMULATION OF VERTICAL PARTICULATE CHANNEL FLOW IN ... 85

method. The particle motion is determined by the Runge-Kutta-discretized Newton equations for translational
and rotational rigid-body motion, which are weakly coupled to the fluid equations. One step of our algorithm
can be summed up as follows:

(1) compute the explicit velocity estimation #

(2) transfer i to Lagrangian positions at the fluid-solid interfaces

(3) compute the force term F

(4) transfer F back to Eulerian grid positions, obtaining f

(5) perform one time step of the Navier-Stokes equations on the fixed grid with the force term f

(6) advance the equations for particle motion, using the available force/torque.

The complete set of equations has been given in (Uhlmann, 2004). During the course of a simulation,
particles can approach each other closely. However, very thin liquid inter-particle films cannot be resolved by a
typical grid and therefore the correct build-up of repulsive pressure is not captured which in turn can lead to
possible partial “overlap” of the particle positions in the numerical computation. In practice, we use the
artificial repulsion potential of (Glowinski et al., 1999), relying upon a short-range repulsion force (with a
range of 2Ax), in order to prevent such non-physical situations. The stiffness parameter appearing in the
definition of the repulsion force has been calibrated in simulations of two sedimenting particles and
particle-wall interactions. The current algorithm has been coded for execution on parallel machines with
distributed memory, using the MPI standard. For reasons of efficiency, the Helmholtz problems to be solved
during the predictor step are simplified by second-order-accurate approximate factorization. The Poisson
problem in the projection step is solved by a multi-grid technique. We use a domain decomposition approach
for distributing the Eulerian nodes over a three-dimensional processor grid. Each processor treats the particles
momentarily located in its sub-domain. Additionally, the neighbor processors need to contribute to the transfer
operations (8) whenever particles happen to overlap sub-domains of the distributed Eulerian grid. The particle
treatment can therefore be described as a “master-and-slave” technique. Qur method has previously undergone
extensive testing and validation with reference to available analytic, experimental and numerical data in what
can be considered as standard “benchmark™ cases. Detailed results can be found in (Uhlmann, 2004; Uhlmann,
2005a, 2006).

FLOW CONFIGURATION

We are considering particulate flow in a plane channel which is aligned along the vertical direction (Fig.
1). The fluid is driven in the positive x direction by a mean pressure

gradient < p,>< 0. 2h

The bulk flow Reynolds number is maintained constant at a value A o o
of Rey=uyh/v=2700 (us, being the bulk velocity), which generates a ol Cm:,)f
turbulent flow with Re,=u.A/ v=172 (u, being the wall shear velocity) T o )
in the absence of particles. The particle size is chosen as D/A=1/20, 0 A M} 1
corresponding to D+=8.6 in wall units. This regime is of particular RSN g
interest since the particles are of comparable size to the coherent (“ 9o o
structures typically found in the buffer layer of wall-bounded turbulent 0,0
flow and a mutual interaction can therefore be expected. A spatial P © ) a
resolution of D/Ax=12.8 has been chosen, this value corresponds to a o | 4
mesh width of Ax/A=1/256 (i.e., Dx+= 0.67 in wall units). We have “ s
further imposed the equality between bulk fluid velocity (u;) and z NS
terminal particle velocity (u.-). This condition means that the average | = /" l, ’ P .
sedimentation velocity for a large number of particles will be close to A P o
zero, supposing that their spatial distribution is near uniform. In practice Y
the average sedimentation velocity takes a slightly positive value. From {u)
the condition u.~=u;. it follows that the terminal particle Reynolds Fig.1 Flow configuration

number (based upon the particle diameter and the relative velocity
between phases) measures Rep ~=136. From the equality between buoyancy and drag forces acting upon an
isolated particle, we can form the Archimedes number, which takes the following value:

ar=(DIny R8I (P2 1) 13308 ©)

u, Pr

where p,/pr is the density ratio between particle and fluid phase and g the gravitational acceleration. This
leaves us with one parameter free to choose (p,/pr say), the other one being g 4/u;2 fixed by (9). We have
analyzed two cases with parameter values as given in Table 1.



86 Proceedings of the 20th International Conference on Fluidized Bed Combustion

Table 1 Physical parameters in our simulations of particulate flow in a vertical plane channel In all cases
the particle diameter is chosen as D=#/20, the global solid volume fraction is set to ¢ = 0.0042. B2 is a case with
identical conditions as case B, except that the streamwise period of the domain was doubled

case L’; lg|h /2l St+ St Ny Q
A 10 1.625 67 3.7H 512 dhx 2hxh
B 2.21 12,108 L5 .83 4096 Shx2hxdh
B2 2.21 12,108 15 .83 5192 16h = 2h 4k

The relative particle density in case A is approximately 4.5 times higher than in case B, and the Stokes
number (defined as the ratio between particle and fluid time scales) varies accordingly. In particular, we
determine the particle time scale from the usual Stokes drag law zgr=D" Pp /(18 vpr), and consider two time
scales for the fluid motion: the near-wall scale 7 = Vu,zand the bulk flow scale 7,=A/u;. Consequently, we can
form two Stokes numbers, characterizing the ratio of time scales in the near-wall region, St'=7g/7", and in the
outer flow St,=75p/7. Table 1 shows that the present particles have a relatively large response time with respect
to the flow in the near-wall region (St">10), but both scales are comparable in the bulk of the flow (St,~0(1)).
The global solid volume fraction has been set to ¢,=0.0042, which can be considered at the upper limit of the
dilute regime. The two cases were run in computational domains of different sizes, the volume in case B being
eight times larger. The number of particles in cases A, B is therefore N,=512, N,=4096, respectively. The
domain used in case A represents evidently a smaller sample size per instantaneous flow field. However, it
allows for simulations over longer time intervals which is of special interest for the computation of slowly
evolving statistical quantities acquired along the particle paths. Table 2 shows the global grid size of the
simulations, which exceeds 10° Eulerian nodes and 2 X 10° Lagrangian force points in case B, where the work
is typically distributed over 512 processors of a PC cluster with fiberoptical interconnect. Finally, we have
recently initiated a third case, B2, which is identical to case B, except that the streamwise period of the domain
was doubled. We will briefly mention this run in the final discussion.

Table 2 Numerical parameters employed in our DNS. Ni is the number of grid nodes in the i direction, np is
the number of processors, tobs is the observation interval in bulk flow time units after discarding the initial
transient. The grid spacing in all cases is fixed at Ax=h/256, corresponding to N;=515 Lagrangian force points
per particle, and the time step at Ar=0.00162 h/U,

case N Ny x N np tobs
A 1024 » 013 x 250 32 506
B 2048 x h13 x 1024 5i2 G5
B2 4006 % 513 = 1024 1024 11

Initialization of the simulations

Particles are introduced into fully-developed turbulent single-phase flow at time #. The initial particle
positions form a regular array covering the computational domain. Their initial velocities are matched with the
fluid velocities found at #,. at the respective center locations; the initial angular particle velocities are set to zero.
During the first time step of the two-phase computation, the coupling algorithm solidifies the fluid occupying
the volume of each particle and buoyancy forces set in. Figure 2(a) shows how the average vertical particle
velocity <u,>, (the symbol < >, indicates an average over all particles) drops from a value close to the bulk
fluid velocity to almost zero over an initial interval of approximately 3 (1) bulk time units in case A (B). Let us
mention that the long-time averaged mean upward drift of the particles amounts to 0.029%; and 0.058 u,
respectively. The data corresponding to the initial transient will not be considered in the following and,
therefore, an initial interval of 17 bulk time units has been discarded. The length of the observation interval for
the two cases is indicated in Table 2.

From Fig. 2(b) it can be seen that the friction velocity increases immediately after the addition of particles,
leading to a sharp rise of Re, which then oscillates around a new mean value of approximately 225 in both
cases. The amplitude and frequency of the oscillations is larger in case A due to the smaller box size. This
higher friction velocity in the particulate cases reflects the modification of the mean fluid velocity profile as
discussed below (Figures 13 and 15).
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Fig. 2 (a) The average vertical particle velocity during start-up of the two-phase simulation. (b) The time evolution
of the friction-velocity-based Reynolds number around the start-up time. Particles are added at t=t0 solid line, case A;
- » -, case B; - - - single-phase flow

Lagrangian correlations

Let us introduce the notation for the different averaging operations employed in the following < x;>,refers
to the streamwise average of any quantity x; < x;>,, is the average over wall-parallel planes and < x,>;temporal
average (over the observation interval given in table 2, except where otherwise stated); the average over time
and wall-parallel planes is denoted by << x>, > as mentioned above, < x;>refers to the average over all
particles. The Eulerian space averages of quantities related to the dispersed phase are carried out for discrete
‘bins’ in the wall-normal direction, defined as I;/=[j-1, j) * 2h /Npin V 1<j<<Np;,. In practice a value of Nj;,=40
was chosen, such that the width of each bin corresponds to one particle diameter. The time and planewise
average of a particle-related quantity  is then computed for each bin by the following formula:

obs N, ;
_f; Zi:];x‘("’ze]/ n(c)(t)dt
PRSI

fo Zi:l:x’;’ﬁ’za, Lt

where y; is the coordinate of the center of the bin I;. The Lagrangian auto-correlation of particle velocity
components is defined as follows:

iy, (10)

‘o

Gl (t)u!, (t+T)
R, o(T)== I, 2|
<<\u c,a<t) f>P>t

where u'c,a(')(t) =uc,a(')(t) - <uc> (¥ |%o 2(')(t) €1; ) J, is the instantaneous velocity of the i" particle in the ¢
direction, from which the mean streamwise particle velocity at the corresponding bin y; has been subtracted.
As pointed out by Ahmed and Elgobashi (2001), eliminating the mean velocity contribution yields the
Lagrangian correlations due to turbulence.

Our present results are shown in Fig. 3. First we observe that the initial decay of all components of the
correlation function is faster in case B than in case A, as can be expected from the lower relative density in the
former case. The first zero-crossing of components a=1,2,3 occurs approximately at 90,16,16 (50,3,2) bulk
time units in case A (B). In both cases these values exhibit a large difference between the vertical and the two
horizontal components, which resembles the strong anisotropy of the near-wall turbulent flow field, as
evidenced e.g. by two-point fluid velocity autocorrelations for streamwise separations (Kim et al., 1987 and
discussion below). A striking feature of the correlation functions in case B is what seems to be a damped
oscillation around the exponentially decaying value, found in all three coordinate directions, with a period of
roughly 8 bulk time units. A corresponding small “bump” can also be found in the curves for case A,
approximately for the same time separation as the first local minimum in case B. It can be speculated that this
oscillation is a signature of the large streamwise elongated flow structures which have been detected in the
present case and which will be discussed below. The fact that this feature is more visible in case B is again a
consequence of its lower particle inertia. The dispersion of particles (mean-square displacement) along the
coordinate direction x, starting from the particle position at time #; (coinciding with the beginning of the
observation interval) is defined as:

i
N
- (11)
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Fig. 3 Lagrangian particle velocity auto-correlations as a function of the time separation t: (a) for short separations;
(b) for long separations. Solid line, case A; - -, case B. Colors indicate the velocity components: black =1, red =2
and blue a=4
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»
where the third term in the sum on the right-hand-side corresponds to the mean displacement of particles
originating from wall distances pertaining to the same discrete bin as the i particle in the summation (see
discussion in Ahmed and Elgobashi, 2001). Again, subtraction of the equivalent mean displacement yields the

dispersion due to turbulence. The quantity dx(y;) is computed analogously to (10), viz.

Ny (#) i
Zz':l;xr (Del x?,)tx(t)_x(c.)zx(tl )
< (13)

S
i=1;x, (€l

i

dx (y,)=

From Fig. 4 it can be seen that the dispersion of the particles is largest in the streamwise (vertical)
direction and smallest in the spanwise direction. The figure also shows that the dispersion in case B in all three
directions is greater than the counterpart in case A at all times. It is evident that the smaller size of the
computational domain starts to affect the time evolution earlier in case A, with the curve for the streamwise
component already leveling off after approximately 8 bulk time units. If we concentrate on case B, we observe
that the dispersion in the vertical direction follows approximately a behavior proportional to £, whereas the two
horizontal components grow with slopes intermediate between  and £.

107 10 10° 10 10
(LA jup/h
Fig. 4 Mean-square particle displacement for cases A,B as a function of elapsed time. Symbols and lines as in
figure 3. The dashed line has a slope of 2, the dash-dotted line a slope of 1

Structure of the dispersed phase

The wall-normal profile of the mean solid volume fraction <¢; >, normalized by the global value ¢, is
shown in Fig. 5(a). The curves are nearly symmetric and very similar in both cases, the data in case B being
considerably smoother due to the larger sample size. The distribution of particles is visibly inhomogeneous
with a sharp peak located around y/h=0.1, corresponding to approximately 23 wall units. The position of the
peak concentration coincides therefore with the location of the maximum intensity of streamwise fluid velocity
fluctuations (cf. 16 below), commonly associated with the most probable position of buffer-layer streaks. It
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should be pointed out that we do not observe an increase in the height of the peaks as the simulation proceeds
further, indicating that a statistical equilibrium between ‘outward’ and ‘inward’ wall-normal particle motion has
been reached. At the center of the channel, the mean solid volume fraction exhibits a third local maximum at
about 70% of the amplitude of the main peaks. However, the variation of <¢, > across the bulk flow region (0.5
<y/h=<01) is rather small.
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Fig. 5 (a) profiles of the mean solid volume fraction, normalized by the global value @. Solid line, case A; - * -, case
B. (b) time evolution of the average distance to the nearest neighbor, normalized by the value for a homogeneous
distribution. Symbols as in figure 3. The dashed line corresponds to the value for a random distribution with the same
solid volume fraction

In order to gain further insight into the instantaneous spatial distribution of particles, we define the average
distance to the nearest particle, viz

1 N, . N—p
dmin:N_z,:[ mln,?;]{j#i(di,j) (14)
r

where d; j=|xc(')-x00)| is the distance between the centers of particles i and j. The time evolution of the quantity
duin, normalized by its value for a homogeneous distribution with the same solid volume fraction,
Binnom=(1|1 2 |/N. " p)'”, has been plotted in Fig. 5(b). The ratio is bounded by the values 0.2 (corresponding to
each particle being in contact with at least one other particle) and 1.0. Actual values recorded during our
simulations vary mildly between 0.5 and 0.6, which is in fact very close to the value of a random distribution
(determined as approximately 0.555). It is interesting to note that simulations of pure sedimentation in triply
periodic domains also yield average values of approximately 0.55 for the mean minimum inter-particle distance
(Kajishima, 2004). An alternative way of characterizing the spatial structure of the dispersed phase is by
searching directly for the presence of particle clusters. Here we define a cluster as a set of particles of which
each member is within a distance /. of at least one other member (Wylie and Koch, 2000). The cluster detection
has been implemented according to the fast algorithm suggested by Melheim (2005). Figure 6(a) shows our
results for case B (data for case A exhibits more noise, but essentially the same features). It can be seen that for
two different cut-off lengths /,.=2.5D and 4D the probability of finding clusters of a given size does not differ
significantly from the corresponding probability found in random particle distributions. Since particles can
interact over long distances via their wakes, the cluster definition was then modified in order to take the
non-isotropic structure of the wakes into account. Instead of using a spherical cut-off radius, we define
clusters through an ellipsoidal definition. More specifically, two particles i and j are considered as members of
a cluster if their positions obey:

A . 0 . " (o
E’I,)l_x(cj,)l)z (xgl,)z_x(cj,)z)z (XZ,E—X‘J,!Y
I - I * I?

cx cy cz

(x

<l (15)

Figure 6(b) shows the probability of finding clusters with an elongation by a factor of 3 in the streamwise
direction. The probability increases with respect to the spherical definition, but so does the result for the
random particle distribution. It must therefore be concluded that the spatial distribution of particles in the
present cases is not significantly different from a random distribution.

Structure of the carrier phase
Figure 7(a) shows isosurfaces of the fluctuations (with respect to the plane-average) of the streamwise
velocity field for one snapshot of case B and for single-phase flow. The flow in the absence of particles exhibits
the well-known streaky structures with streamwise characteristic lengths between 200 and 600 wall units. In the
two-phase case the picture is radically different. First, a large number of particle wakes clutter the image,
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Fig. 6 Probability of finding a particle cluster with #, members in case B (symbols). (a) Using two different spherical
cut-off lengths of /=2.5D and 4D; (b) using an ellipsoidal cut-off with axes of length /,=7.5D, [, /,=2.5D. The
probability was evaluated from 20 instantaneous snapshots. The dashed lines correspond to the probability for a
random particle distribution with the same solid volume fraction (evaluated from 100 realizations)

being recognizable as streamwise elongated surfaces with negative fluctuation values (due to fluid upflow and
negative particle buoyancy). In addition, we can observe very large coherent structures of both signs, with
streamwise dimensions of the order of the length of the current domain (8%). These structures are clearly
induced by the addition of particles since they have no counterpart in single -phase flow. Figure 7(b) shows a
short time sequence of plots of the streamwise-averaged x-component of the flow velocity from which the
plane-average has been subtracted. The large structures are clearly visible in the cross-plane and their temporal
coherence over the interval of 14 bulk time units can be verified. It can be observed that the wall-normal and
spanwise dimensions are of the order of the channel half-width 4.

BN

uik

Fig. 7 (a) instantaneous three-dimensional isosurfaces of streamwise velocity fluctuations (with respect to the plane
average) u -<u>== 3.6 u,... Red (blue) surfaces correspond to the positive (negative) value. The view is directed
towards the wall at y=0, and only the field in the lower half of the channel (0<\y/h<:1) is visualized for clarity. (a)

Case B; (b) single phase flow at the same bulk Reynolds number. Right: instantaneous streamwise-averaged
x-component of the flow velocity from which the plane-average has been subtracted, u"=<u >x < u>,, , case B. The

"_

color code ranges from u"=-3.5 u,. (blue) to u"=+3.5 u,. (red). Time increases from top to bottom, with an increment of
approximately 7 bulk flow time units

For the purpose of comparison, figure 8 shows a sequence of the same quantity for single-phase flow,
where no flow structures of comparable dimensions can be found. Figure 9 shows two-point autocorrelations of
velocity, R(r,) and R,(r;), in wall-parallel planes located approximately 21 wall units above the wall. These
quantities were computed from 9 instantaneous flow fields and using planes adjacent to both walls. It should
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also be noted that the correlations were computed by Fourier transform of the composite flow field, i.e.,
containing the regions of the immersed solid particles (cf., discussion in the following section).

Fig. 8 Same as Fig. 7, but for single phase flow. Time from left to right

For small streamwise separations rx+(F ig. 9(a)) all velocity components exhibit a faster decrease than the
single-phase case. For streamwise separations over 200 wall units, however, the streamwise component in case
B shows a larger correlation value, consistent with the observed large-scale elongated structures. Considering
spanwise separations (Fig. 9(b)), it can be seen that the correlations in the particulate case still exhibit some of
the features which are commonly believed to be the signatures of the buffer-layer coherent structures, i.e. a
local minimum for separations of approximately 30 wall units for the wall-normal component. However, the
correlation functions of the streamwise and spanwise components in the two-phase case do not take the usual
negative values for 7y A0 Instead, the first zero-crossing takes place at around 150 wall units, and noticeable
negative correlation values are found for Rjat separations as large as r,’ ~300. The evidence from the
correlation functions shows that the structures which we have observed instantaneously have a large
significance for the flow statistics, masking in part even the signatures of the streaks and streamwise vortices.
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Fig. 9 Two-point autocorrelations of flow velocity fluctuations at a wall distance of y/h=0.094 (y*~21) in case B.
(a): for streamwise separations; (b): for spanwise separations. Colors indicate the components (black: o=1, red: o =2
and blue a =3). The correlations were obtained by averaging over 18 instantaneous data sets spanning a temporal
interval of 45 bulk time units. The dashed lines correspond to single-phase flow of Kim (1987)

In order to conclude this section, we consider the effect of the large scale fluid structures upon the particle
motion. A visualization of instantaneous particle positions and their velocities is presented in figure 10 for three
snapshots corresponding to the sequence of flow fields of Fig. 8. Here particles with large positive (negative)
streamwise velocity fluctuation with respect to the long-time average are highlighted by red (blue) color.
Comparing figures 10 and 7, a strong spatial correlation between locally high (low) fluid velocity and high (low)
particle velocity can be observed. Continuous animations of the three-dimensional particle motion of this case
show that the particles indeed exhibit collective motion in form of streamwise-elongated patches over times of
the order of 20 bulk units.

sih

Fig. 10 Instantaneous particle positions projected upon the cross flow plane, corresponding to the flow fields in
figure 7. The particles are colored according to their instantaneous vertical velocity fluctuations (with respect to the
long-time average): u.-<u. >=0.18u, red; u < u, ><-0.18u, blue; else, gray
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Eulerian statistics

Here we consider the Eulerian statistics which have been accumulated over time and wall-parallel planes,
as indicated above. Concerning the computation of statistical quantities of the carrier phase, no distinction has
been made between the fluid regions and the volume occupied by the solid particles, as already mentioned
during the discussion of figure 9. This decision was taken in favor of computational efficiency. The difference
between the present approach on the one hand and accumulation of statistics exclusively at grid nodes occupied
by the fluid phase on the other hand has been evaluated from 5 instantaneous snapshots in case B. The
differences were found to be insignificant, except for the r.m.s. of streamwise velocity fluctuations, where a
maximum relative discrepancy of 6.3% was found. In fact, the current approximate evaluation of the statistics
always overestimates the r.m.s. value of the streamwise fluid velocity fluctuations and slightly underestimates
the mean streamwise fluid velocity. This is due to the fact that the average rigid body motion represents a
negative velocity fluctuation with respect to the mean of the carrier phase at all wall distances. The usual check
of the statistical convergence of low-order moments in plane channel flow includes a verification of linearity of
the total shear stress ;= <u'v'>" -9 y<u>+. However, integrating the streamwise momentum balance over
the whole domain and time gives for the present case (assuming a statistically steady state):

1 P g2 4 P q&\—qb\
R—eTayy(gu;/uT)—aygu v ;‘/MT+1—(p—j—1)F7rT (16)

Here, @,- <¢> represents the local deviation from a homogeneous particle distribution, and we have
defined a Froude number based upon the wall shear velocity, Fr,=u12/(h|g|). It can be seen from (16) that
whenever the particle distribution is not uniform, the total shear stress does not vary linearly with y. Indeed the
present profiles of 7, (not shown) are quite different from the usual straight line, especially due to the distinct
peaks in solid volume fraction (Fig. 5(a)). Therefore, an alternative criterion for the convergence of statistics
needs to be considered. Asymptotically, the profiles of the various first and second moments of the flow
variables should attain symmetry (or anti-symmetry) about the centerline.

From Figures 11 (a) and 11(b), showing the mean velocities of the two phases, we can judge that this is
not the case for the present observation interval (given in table 1). In both cases the profiles are biased towards
one wall, this effect being more pronounced in case A which represents a somewhat smaller number of samples.
Below we will therefore mostly consider data from case B. The fact that the low-order moments converge at
such a slow rate can be attributed to several causes. First, the present suspension is relatively dilute, which
means that it takes a very long time for a sufficient number of particles to visit each wall-normal bin. Secondly,
the large-scale flow structures which were discovered in the preceding section impose a very long time scale.
The relatively high mean particle velocities around y/4=0.4 (figure 12 right) are a direct consequence of the
slowly evolving high-speed flow structures observed in figures 8 and 11 at the corresponding locations. At the
present time it does not seem feasible to continue the integration of these simulations for intervals which would

allow the statistics t reach a truly asymptotic form. However, the statistical data accumulated up to the present
date is still of considerable interest.
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Fig. 11 (a) the mean flow velocity as a function of the wall-normal coordinate. (b) the mean streamwise particle
velocity. Solid line, case A; - * -, case B; ---, single-phase flow (Kim, 1987)

Turning again to the mean velocity profiles for the two phases (figure 11) we note that there is a strong
similarity in shape. As a consequence, the mean slip velocity < z >- < u, > is nearly constant across most of
the channel width. Its value is approximately u;, as estimated a priori from the equilibrium between buoyancy
and drag acting on a single sphere in unperturbed flow. Concerning the mean fluid velocity in figure 11, we
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observe a clear difference with respect to the single-phase case, characterized by a tendency to form a concave
profile with larger gradients at the walls and a flat section near the centerline. Concave velocity profiles were
previously observed by (Tsuji et al., 1984) in experiments on vertical particulate pipe flow, albeit at higher
Reynolds numbers and much higher density ratios. The presently simulated cases are therefore situations where
a strong two-way interaction takes place. Figure 12(a) shows the mean velocity profile of case B in wall scaling
and semi-logarithmic representation. It can be seen that the logarithmic region is shorter than in single-phase
flow and that the intercept of the logarithmic law is substantially decreased, similar to rough-wall turbulent
flow. This behavior is consistent with the increase in the friction-velocity based Reynolds number observed in
Fig. 2(b). The r.m.s. fluctuations of fluid velocities are shown in Fig. 12(b). The largest difference with respect
to the single-phase data is obtained for the streamwise component which is practically constant in the range
0.25<y/h<1. When normalized by wall units, the wall-normal and spanwise components are reduced in the
particulate case across most of the channel width. The overall turbulence intensity is increased substantially, i.e.
by a factor of approximately 6 at the centerline, and the anisotropy is strongly affected. The injection of energy
into the streamwise fluctuations has two causes: the presence of wakes, and the formation of large-scale
streamwise elongated flow structures. Both phenomena were visualized in fig. 7 (left). Experimental
measurements of Suzuki et al. (2000) in more dilute downward vertical channel flow at comparable Reynolds
numbers and similar values for the particle parameters have also revealed a substantial increase in streamwise
fluid velocity fluctuation levels and anisotropy for y">20.
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Fig. 12 (a) the mean flow velocity of case B in wall units. (b) The normal stresses of case B. Colors indicate the

velocity components: ¢=1, black; a =2, red and a =3 blue. (c) the Reynolds stress of case B. In all the figures, the
dashed lines correspond to the single-phase reference data of Kim et al. (1987)

The Reynolds stress profile (Fig. 12 on the right) exhibits an extensive region with values close to zero
(0.6<<y/h=<:1). In this outer region the presence of particles apparently causes a decorrelation between the
turbulent motion in the streamwise and wall-normal direction, thereby suppressing the average Reynolds stress.
Finally, let us turn to some Eulerian statistics pertaining to the dispersed phase. Figure 13(a) shows the r.m.s. of
particle velocity fluctuations of case B. A similar trend as for the fluid velocities can be noted with a
near-equality of the two horizontal components and a much larger intensity of the vertical component.
Furthermore, all components exhibit a small peak at approximately y =34 and a visibly lower intensity around
the common location of the buffer-layer streaks. Compared to the fluid counterpart, the intensity of the
streamwise particle velocity fluctuations is approximately 25% lower across most of the channel, while it is
slightly higher for the two horizontal components. Regarding this comparison between the two phases, Suzuki
et al. (2000). have observed smaller intensities of the particle velocity fluctuation for all components above
¥"=20 and the opposite behaviour for the streamwise and wall-normal components below this wall-distance.
The profile of the mean angular particle velocity in the spanwise direction <@,.> is shown in Fig. 13(b). Its
absolute value has a maximum at a wall-distance of approximately 30 wall units and tends towards zero at the
centerline and at the wall. The figure also includes a curve given by -4 8,6 <u>, which corresponds to the

steady rotation of a cylinder in a simple shear flow, where A is positive and decreases with the shear Reynolds
number (cf. Ding and Aidun, 2000; Zettner and Yoda, 2001). It can be seen that our data for case B is
reasonably well represented when choosing 4=0.1, except for the region y'<30, where the damping effect of
the wall presumably plays an important role. A similar conclusion is reached for the data of case A (not shown).
Constrained simulations of single neutrally-buoyant particles in laminar pipe flow have likewise yielded a
proportionality between the steady-state angular particle velocity and the wall-normal fluid velocity gradient
over most of the pipe radius. For comparison see Fig. 3 in Yang et al. (2005).
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Fig. 13 (a) the r.m.s. of particle velocities of case B. Color code as in figure 12-center. (b) the mean angular particle
velocity with respect to the z axis in case B. The dashed line corresponds to -0.1 0, <uw>

CONCLUSIONS

We have conducted a DNS study of turbulent particulate channel flow in a vertical arrangement,
considering finite-size rigid particles with numerically resolved phase interfaces. The immersed boundary
simulations were performed for the dilute regime (0.42% solid volume fraction), allowing for an approximate
treatment of direct particle encounters. OQur simulations are for spherical heavy particles whose buoyancy is
adjusted such that the terminal velocity matches the bulk flow velocity. For the present bulk Reynolds number
of 2700 and particle size of 1/20 of the channel half-width (corresponding to approximately 9 wall units), this
leads to a terminal particle Reynolds number of 136. Two different density ratios were considered, varying by a
factor of 4.5. The corresponding Stokes numbers of the two particles were O(10) in the near-wall region and
O(1) in the outer flow. We have presented Lagrangian autocorrelations of particle velocities, particle dispersion,
particle distribution functions, flow visualizations, Eulerian two-point autocorrelation data and Eulerian
one-point moments. The main findings can be summarized as follows:

(1) We observe the formation of large-scale elongated streak-like structures with streamwise dimensions
of the order of 8 channel half-widths and cross-stream dimensions of the order of one half-width. Particle
velocities are strongly affected by these structures, which in turn allows to follow their evolution over
substantial time intervals. Moreover, the large particle-induced structures alter the fluid velocity
auto-correlations substantially.

(2) We have found no evidence of significant cluster formation of the dispersed phase. This conclusion is
based upon simple visualization, monitoring of the mean minimal pairwise particle distance, cluster detection
with spherical and (streamwise elongated) elliptical cut-off.

(3) The presence of slowly-evolving large scales leads to a slow convergence of the Eulerian statistics,
which is evidenced by the lack of symmetry of the profile of the mean fluid velocity, amongst others, even after
a considerable observation interval (556 and 95 bulk time units in cases A and B, respectively).

(4) The presence of particles causes a strong modification of the mean flow, which tends towards a
concave profile, as well as a substantial increase in turbulence intensity (by up to a factor of 6), mainly in terms
of streamwise velocity fluctuations.

(5) The effect of varying the Stokes number while keeping the buoyancy, particle size and volume fraction
constant was relatively weak. Only the Lagrangian correlations and the dispersion were significantly affected.

Vertically elongated structures have previously been detected in pure sedimentation flows by Kajishima
and Takiguchi (2002), see also Kajishima (2004) and in grid-generated turbulence by Nishino and Matsushita
(2004). However, in the aforementioned cases the main feature of the “structures” was a local accumulation of
particles. This is not true in the present case, where we have been unable to detect the large structures by
considering only the spatial distribution of particles. Instead we believe that the addition of particles to the
turbulent wall-bounded flow triggers an inherent instability leading to the formation of streak-like structures of
very large dimensions. This specific point should be further investigated in the future. One question which
naturally arises in relation with the emergence of flow scales of the order of the streamwise period of the
computational domain is whether the finite box size might play a decisive role. It should be mentioned that
these largest scales are not clearly observed in the case with the smaller domain (case A). On the other hand,
performing simulations with much larger domains than the one used in case B is a challenging task, since the
simulations in case B are already on the limit of what we can afford with the present algorithm on the largest
available hardware. Nevertheless, we have recently initiated a companion simulation B2 (Tables 1 and 2) with
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twice the streamwise period as case B and otherwise identical conditions. The run was initialized with an exact
periodic extension of a fully developed field of case B (towards the end of the observation interval). Up to the
present date (after an elapsed time of 11 bulk time units), the results of this extended simulation have not
significantly diverged from the original case B. It still remains to be seen how the large streak-like structures
scale in the extended domain, once the simulation has sufficiently evolved from the initial condition.

NOTATIONS
N, number of particles U, fluidizing gas velocity, m/s
up fluid velocity and pressure X; Lagrangian coordinate
14 fluid kinematic viscosity 7 velocity of particle center of mass
Pp Py particle and fluid densities @, particle rotational velocity

volume force on the fluid % regularized Dirac's delta function
Q whole computational domain h channel half height
0y computational domain occupied by fluid <>,  average operator along direction
U particle velocity Us skin friction velocity
F force acting upon a particle g gravity acceleration
D particle diameter Rep- terminal particle Reynolds number
Ax grid spacing Tsp particle time scale
X;jx  Eulerian coordinate Ry o7) Lagrangian autocorrelation function
Rey bulk Reynolds number M, mean square particles displacement
Re; skin friction Reynolds number dx,(y) particle turbulence dispersion
U.~  terminal particle velocity Aopin average distance to closest particle
Ar Archimedes number & solid volume fraction
Sty Bulk Stoke's number
St* Wall units Stoke's number
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Abstract: Biomass has made great in-roads in its use in energy and chemical industries.
Gasification is one of the major means for its conversion. For thermo-chemical conversion of
biomass three major gas-solid contacting processes, fixed bed, entrained bed and fluidized bed are
used. Various versions of fixed bed gasifier (up-draft, down-draft, and side-draft) proved
successful but primarily in small capacity units while entrained bed reactors found favour in very
large capacity units. Fluidized bed gasifier fills the important intermediate size range. A review of
the current commercial use of fluidized bed gasifier shows that it is yet to take the centre stage in
the gasification market. This paper examines the issues preventing wider scale use of fluidized
bed gasifier and what is the current state of research in those issues.

Keywords: biomass gasification, fluidized bed gasifier

INTRODUCTION

Status of gasification

The rise in the fuel prices and the environmental regulation has been the driving force for the growth of
the gasification technology which in the past was considered less competitive than the traditional means of
energy supply. Figure 1 shows the status of gasification and the application for which it is used for, showing its
present and the planned capacities. So, at present the energy production from gasification is around 60 GWth.
But in coming years, the energy production from gasification is set to grow rapidly reaching around 150 GWth,
by 2014, which is 1.5 times more than that used at present,. The gasification technology in coming future will
mainly be used for power production.
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Fig.1 Worldwide gasification capacity (Higman and Burgt, 2008)

Advantages of gasification process are explained elsewhere (Basu, 2006). So, it is not discussed here for
brevity. These advantages propelled it to develop many major energy projects. Table 1 shows some of the
commercial gasifier projects.

Although gasification has been around for more than a century, it did not make any major in-roads into the
main stream energy or chemical industries. The growth in gasification industries seems to have been very slow
because of incapability of meeting the following challenges, some of them are common to all gasifier and some
specific to fluidized bed ones.

Technical challenges

(1) Availability is the most important factor that prevents the wide scale use of gasifiers in the main stream
energy industries. Present day gasifiers have not reached the standard (>90%) expected in utility industries. The
140 MW high temperature Winkler gasifier of Rheinbrau started with a availability of 45% and rose to 89% in
1997 (Renzenbrink et al., 1997). This force EPC to specify a stand-by gasifier in order to meet the overall unit
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availability matching the industry standard.

Table 1 Gasification Projects

Country Projects Type Output (MWth)
Zeltweg BioCoComb Project CFB 10
Austria Giissing Dual CFB 8
P6ls Bark Gasification Project CFB 35
Brazil Brazilian BIG-GT Demonstration Project | CFB 32 (MWe)
Harboare Project Updraft 4
Denmark Hagild Project Co-current down draft 0.5
Bleere Project Two stage gasification 0.25 (MWth) + 0.1 (MWe)
Finland Lahti Kymijérvi Project CFB 60
ECOGAS Energy plant, Varkaus BFB 50
Ttaly Thermie Energy Farm Project Lurgi CFB 14 MW,)
SAFI SpA RDF Gasification Project CFB 6.7 MWe)
The Netherlands KARA/BTG Co-current Downdraft 0.15 MWe)
Amergas BV Project Lurgi CFB 350 (MWth) + 600 (MWe)
Sweden Gotaverken Project (Varo) CFB 2
Virnamo Project IGCC 18
Switzerland Pyroforce Gasification Plant KHD pyroforce gasifier 0.2 MWe)
ARBRE Project low pressure TPS gasifier 8 MWe)
United Kingdom | Boughton Pumping Station CHP Project Down draft 0.18 MWth) + 0.1 (MWe)
Blackwater Valley Museum Project Down draft 0.4 (MWth) + 0.2 (MWe)
USA Vermont Battelle/FERCO Project Low pressure Battelle gasifier | 15 (MWe)

(2) Complex operation due to large number ancillary equipment like oxygen separation unit (OSU), gas

sweeteners etc.

(3) Beside the cost OSU is a major power consumer. For example of the 315 MW generated by the IGCC
plant at Polk station 50 MW is consumed by OSU and 10 MW by the other auxiliaries. Such a high (20%)
auxiliary power consumption reduces the attractiveness of gasification as a means for energy generation.

(4) Gasification of high alkali biomass (agglomeration problems), RDF, and waste (mercury removal

problem)

(5) Tar control in order to avoid the problems in gas cooling and filtration as well as its removal without
producing toxic waste water
(6) Poor carbon conversion is a major problem. It has been less than 90.5% (ref). High carbon in ash
reduces the ash quality, and deprives the plant owners from the revenue expected from the sale of gasifier ash

for their end-use. High carbon in ash imposes an additional burden of disposal cost.

Non technical challenges
Beside above technical challenges, several other challenges retarded the market penetration of gasification.
(1) Higher investment
(2) Fuel availability and price level for non-conventional fuels like biomass
(3) Subsidies available for biomass only plants but not for co-firing
(4) Economic competitiveness with steam cycles, co-firing etc
(5) Complicated and costly means for power production
(6) Small difference in efficiency compared to steam cycles
Over the year a large variety of gasifier has been developed, used and studied. A summary of those designs
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is presented below.

Gasifier is essentially a gas-solid contacting reactor that facilitates gasification reactions. Based on the
mode of gas-solid contacting, the gasifiers are categorized into three broad types: Moving bed, Fluidized bed
and Entrained flow gasifier. The following table indicate some of the commercial technologies based on these
processes.

Moving bed Fluidized bed Entrained flow
(1) Lurgi dry bottom (1) The Winkler Process (1) The Koppers-Totzek
gasifier (2) BHEL Gasifier gasifier
(2) BGL slagging (3) The KBR transport gasifier (2) The Siemens SFG
gasifier (4) Twin reactor gasifier gasifier
(5) The EBARA gasifier (3) The E-Gas gasifier
(6) GTI membrane gasifier (4) The MHI gasifier
(7) Rotating Fluidized bed gasifier (5) The EAGLE gasifier
(8) Chemical Looping gasifier
(9) Internal circulating gasifier
(10)Foster Wheeler ACFB gasifier

BUBBLING FLUIDIZED BED GASIFIERS

Winkler gasifier

It is the oldest fluidized bed gasifier, and has been in commercial use for many years. The Winkler [1922]
pulverized brown coal gasifier invented in the 1920’s to produce synthesis gas (H,, CO, CO ;) was probably the
first to use fluidization on an industrial scale, starting from an initial model of 2m diameter 13m in height and
producing some 2,000 m 3 of gas, as shown in Figure 2 (not available), and improved to 5.5m diameter 23m
in height processing some 700 t/d of coal. Modern version of Winkler gasifier could operate at either
atmospheric or elevated pressures. The Low Temperature version of the works with a bubbling fluidized bed
kept below 980°C to avoid ash melting. Crushed coal (<10 mm) is fed into the gasifier and ash is removed from
its bottom by using screw conveyors. The high temperature newer version used steam & oxygen as the
gasifying medium, which is introduced into the fluidized bed at different levels, as well as above the fluidized
bed. The fluidized bed is maintained at a pressure of 10 bar; the temperature of the bed is maintained at above
900°C to minimize production of methane and other hydrocarbons (Basu, 2006).
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Fig.2 Sketch of the original Fluidized bed gasifier developed by Winkler

EBARA’s TwinRec process

Here differential fluidization velocity permits excellent mixing of the bed materials and the feed. The
product gas is burnt in a cyclonic furnace where solids are separated. This gasifier is used primarily to recover
recyclable materials by removing their organic components through gasification and combustion (Steiner C. et
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al, 2002).

Gas Technology Institute membrane reactor

GTI is attempting to develop a fluidized bed using fluidized bed membrane reactor. Membrane selectively
removes hydrogen from the product gas and if applied in the reaction site, it could continuously remove
hydrogen as it is formed by the shift reaction. Thus it further favours the forward reaction. This could simplify
the processing steps by reducing/eliminating the downstream shift reactor, separation and purification
operations for the conventional gasification technologies (Doong S. et al, 2005).

Internally circulating fluidized bed gasifier

This bubbling fluidized bed reactor is divided into two chambers but connected by openings at the bottom.
Higher fluidization velocity in one chamber force solids to move up and overflow into the second chamber
fluidized at lower velocity. This arrangement provide more uniform distribution of biomass particles in the
reactor with increase of gasification yield, reduction of tar formation, reduction of fine particles of mineral and
carbonaceous nature elutriated in syngas (Freda C. et.al., 2008).

Spout fluid-bed gasifier

Spout-fluid bed gasifier is a combination of a fluidized bed and spouted bed by combining the fluid flow
of the single central opening (spouted bed) with the auxiliary fluid flow through the distributor plate (fluidized
bed). Spout-fluid bed reactors used for combustion or gasification are reported to overcome the limitation of
spouted bed and fluidized bed by providing higher rate of mixing, better solid fluid contact, even fluid flow
distribution resulting to the minimization of dead zones, improved mass and heat transfer characteristics.
Recently, Thamavithya and Dutta (2008) studied MSW gasification in a spout-fluid bed reactor.

CIRCULATING FLUIDIZED BED (CFB) GASIFIERS

Foster wheeler atmospheric CFB heat gasifier

This air blown gasifier operates at atmospheric pressure in a circulating fluidized bed. Depending on the
fuel and the application need it operates at a temperature within the range of 800-1000°C. The hot gas from the
gasifier passes through a cyclone, which separates most of the solid particles associated with the gas and
returns them to the bottom of the gasifier. An air preheater is located below the cyclone to raise the temperature
of the gasification air and indirectly the temperature level inside the gasifier.

Chemical looping gasifier
This concept can separate the waste flue gas from

the product gas, thus avoiding the nitrogen dilution of the . o
product gas. It is based on the well studied chemical yetone
looping combustion (Mattisson T., 2007). Acharya, et .

al. (2008) proposed that biomass be fed into a fluidized ” jﬁo

bed gasifier with CaO as the bed material and steam as
the fluidizing agent. The CaO will capture the CO, 3§;imaﬁng
produced in the steam gasification reaction producing  cscos— | Flidiesdged |
CaCO; that will flow into a calciner kept in fast
fluidization by recycled CO, (Figure 3). Key feature
of this process is its production of nitrogen free hydrogen. co2 steam

The CO, also being nitrogen free is amenable for easy  Fig. 3 Chemical looping gasification (Acharya B et
sequestration. The generation and regeneration of CaO in al., 2008)

batch fluidized bed is demonstrated in a batch reactor

(Mahishi & Goswami, 2007).

Biomass
CaCO3

Twin Reactor system

In this system, the pyrolysis, gasification and combustion takes place in different reactors. In the
combustion zone, the tar and gas produced during pyrolysis is combusted which will heat the inert bed material.
The bed material is then circulated into the gasifier and the pyrolysis reactor to supply heat. The char and heat
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carrier from pyrolyser is taken into gasifier. The gasification of char in presence of steam produces the product
gas. The residual char and the heat carriers from gasifier are taken back into combustor. This system was
developed to overcome the problem of tar: as it is combusted in combustor thus product gas free of tar can be
obtained. The original concept of Battle involved two CFB risers, while the more recent version of the
Technical University of Vienna operates the combustor in fast bed and the gasifier in a bubbling bed regime.

KBR (Kellogg Brown and Root) transport gasifier

It is a hybrid gasifier having characteristics of both entrained bed gasifier and fluidized bed reactor. The
KBR gasifier operates at considerably higher circulation rates, velocities (11-18 m/s), and riser densities than a
conventional circulating fluidized bed, resulting in higher throughput, better mixing, and higher mass and heat
transfer rates. Solids transported are separated from the product gas in two stages and returned to the base of the
riser. The gasifier operates at 900-1000°C and 11-18 MPa (Higman & Burgt, 2008) Oxygen, when used gives
higher heating value than when air is used as the gasifying medium.

DESIGN METHODS

Very little information on design of fluidized bed gasifier is available in published literature. Based on
information scattered in literature the design methods are grouped into 4 broad groups:

(1) Stoichiometric equilibrium method

(2) Non-stoichiometric equilibrium method

(3) Residence time based method

(4) Kinetic model based method

Details are given in Basu (2009). They are not discussed here for brevity:

OPERATING PROBLEMS

Compared to boilers or furnaces, gasification is a relatively new technology. As such there is a dearth of
information on its operation. Based on the information available from different sources including the review of
Higman and Burgt (2008) major operating problems are as follows.

Refractory

Gasification being an endothermic process heat needs to be conserved in the reactor as much as possible
and it is done by several layers of insulation and refractory. Refractory maintenance has been a major issue in
many plants. The Polke station, for example had to change refractory after 451 days. Frequent fuel switch,
start-up, shutdowns increases the frequency of refractory maintenance. A major practical issue is the long
down-time required for refractory or any in-furnace maintenance. Owing to the thick layer of refractory a
cool-down period of 30-36 hours is required for shut down and similar longer time for heat up. These adversely
affect the revenue stream of the plant.

Temperature measurement

Thermocouples installed in the gasifier fail readily due to a combination of extreme temperature, reducing,
corrosive and erosive environment in the gasifier. For large diameter commercial units it is necessary to
accurately measure the temperature at the core of the gasifier, but it is very difficult to maintain a thermocouple
long enough especially in a fluidized bed. The inability to directly measure the temperature slows the resolution
of many operating problems, and product quality control.

Agglomerates

Agglomeration is a major problem in fluidized bed gasifiers. Alkali metals like potassium and chlorine
found higher in agricultural and energy crops reduces the melting temperature of ash. The melting/sintering of
ash interferes with the fluidization causing agglomeration of fluidized bed particles (Mettanant et al., 2008).
Potassium and silica may form a mixture of alkali metal silicates, in presence of chlorine, which can melt at
temperature below 800°C. Bed agglomeration can result in poor fluidization quality and therefore poor
conversion efficiency. Severe cases may result in total defluidization result in shutting down of plants.
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Tar

Tar formation, a major problem in gasifiers. Among different types of gasifier, fixed bed and fluidized bed
are more vulnerable of tar while the entrained bed as it operates at high temperature so tar problem will be less.
It must be controlled to prevent the problems such as: fouling and plugging of equipment, difficulty in handling
the tar water mixture, contamination of waste stream. To reduce this one can: 1) use operating conditions that
favour reduced formation of tar like use of bed materials like olivine and 2) apply down stream cleaning
process. Higher operating temperature, moisture and higher residence time may lower the tar content of the
product gas.

Corrosion

Corrosion is a major issue in gasifier due to its high temperature and reducing environment. It especially
bad in biomass fed units. As reported by Perkins, (1993), experiment done in the atmosphere of oxygen blown
fluidized bed gasifier on 88 different commercial alloy and coatings shows that most of the steel corroded at
rate of 0.05mm/year at 650°C and the rate exceeds to 0.5 mm/year at temperature of 815°C. No materials were
identified of having resistance on corrosion for long term at temperature above 650°C.

Synthesis gas cooling

In fluidized bed gasifier, the lime stone used for sulphur capture, may react with carbon dioxide and may
form calcium carbonate at temperature below 950°C that may cause the fouling in the syngas cooler. The
corrosion potential in syngas cooler is high especially when coal is used as the fuel. In the syngas cooler, the
equilibrium favours the reverse of the Boudouard reaction. Iron or nickel of the cooler catalyze the reaction
around 400-450°C, forming carbon which destroys the metal matrix. The surface metal is lost as the dust into
gas phase.

CONCLUSIONS

A review of fluidized bed gasifier shows a wide range of gasifier designs with each having its distinct
advantages with no single design as the best. Fluidized bed gasifiers are increasingly capturing the market for
intermediate to large capacity gasifiers. It is especially been favoured for biomass. The wide-scale commercial
use of fluidized bed gasifier is being impeded by a number of technical and non-technical issues. Poor
availability on account of agglomeration, refractory maintenance and tar formation are some of the major
operating problems. Technical challenge remains with high cost auxiliary power consumption of oxygen
separation units.. There is a need for development of an alternative to oxygen for production of high heating
value gas. Minimization of carbon loss is also a major technical challenge.
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RESEARCH AND DEVELOPMENT OF LARGE CAPACITY CFB
BOILERS IN TPRI

Sun Xianbin, Jiang Minhua
Thermal Power Research Institute, Xi’an, 710032, China

Abstract: This paper presents an overview of advancements of circulating fluidized bed (CFB)
technology in Thermal Power Research Institute (TPRI) ,including technologies and configuration
and progress of scaling up. For devoloping large CFB boiler, the CFB combustion test facilities
have been established, the key technologies of large capacity CFB boiler have been research
systematically, the 100MW~330MW CFB boiler have been developed and manufactured. The
first domestically designed 100MW and 210MW CFB boiler have been put into commericial
operation and have good operating performance. Domestic 330MW CFB boiler demonstration
project also has been put into commericial operation,which is H type CFB boiler with Compact
heat exchanger. This boiler is China’s largest CFB boiler.The technical plan of domestic 600MW
supercritical CFB boiler are also briefly introduced.

Keywords: circulating fluidized bed boiler, scaling up, supercritical CFB boiler

INTRODUCTION

In order to develop large CFB boilers with independent intellectual property, Thermal Power Research
Institute(TPRI) established a laboratory with complete functions for the technical development of CFB boilers.
This laboratory consists of a IMW and 4MW CFB combustion test facilities and a laboratory for limestone
desulphurization performance evaluation.It carried out tests on CFB combustion and desulphurization for
Chinese typical coals and limestone and research on heat-transfer characteristics and key parts,and developed
the first home-made 100MW and 210MW CFB boiler.Based on the experience of research and development,
the laboratory further researched key techniques for enlarging Capacity systematically,and cooperating with
Harbin Boiler Co.(HBC), developed the first domestic 330MW CFB boiler with independent intellectual
property and put it into engineering demonstration,laying a solid foundation for the development of CFB
boilers of even larger capacity.

KEY TECHNOLOGIES IN LARGE CFB BOILERS

Building calculation model for furnace heat transfer

The heat-transfer characteristic inside boiler furnace is one of important issues in large CFB boilers. the
heat-transfer process inside furnace is of complicated mechanism, for it involves the heat exchange between the
gas-solid particles of high mass concentration and heating surface. Translated into the fields of engineering
design and application, the most noteworthy approach focuses on the calculation method for heat-transfer of
water wall and superheater. Experimental researches on heat-transfer inside furnace were carried out on a IMW
CFB hot-state test facility and then an calculation model of furnace heat transfer was built as the following.

a, =kxu§ xt] )

Building calculation model of furnace height
For the furnace of large CFB boilers, a rational furnace height can be determined by the following
calculation model.

H,=29.7+kInC, @)

Developing new external heat exchanger

External heat exchanger is the key technology of large CFB boilers. For this reason, TPRI did R &D work
on a patent technology termed as compact ash-flow splitting and heat exchanger-CHE,and in addition, carried
out an in-depth experimental research on a 4MW CFB hot-state test facility. The CHE uses pneumatic control
principle to regulate the splitting proportion of circulating ash and has an integrated structure.

The structure of CHE is shown in Fig.1. It follows the working principles that the circulating ash coming
from the separator is split into two parts in the ash distribution chamber. One serving as high-temperature
circulating ash(890°C), flows into the ash returning tube and then back to the furnace, the other flows towards
the heat exchange bed with heating surface, exchanging heat with the heat exchanger and then flows into the
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low-temperature bed material returning chamber,then the low- temperature ash particles return to the furnace
through the low- temperature ash returning tube.

Circulating ash

Fig.1 Schematic diagram of CHE Fig.2 H-shaped domestic 100MW CFB Boiler

Building calculation model of heat transfer for external heat exchanger bed

For the low-speed fluidized heat-transfer process of fine particles inside the external heat exchanger
bed,Experimental researches were made on the 4AMW CFB hot-state test facility.A calculation model of heat
transfer in the external heat exchanger bed was built.

G, = AXE] 3)
ENGINEERING DEMONSTRATION OF DOMESTIC CFB BOILERS

100 MW CFB Boiler

Jointly developed by TPRI and HBC, The first home-made 100 MW CFB boiler is located at Jiangxi
Fenyi Power Plant, referring to Fig.2 for its overall structure. The boiler is of H-shaped structure with four
cyclone separators installed at the both sides of the furnace.The main design and operation parameters can be
seen in Table 1.

The 100MW CFB boiler in Fenyi Power Plant was built and started on Nov.14, 2002, and put into
commercial operation on Jun.19, 2003 after 96-hour trial operation. The practical operation experience is
shown in the following aspects.

1) The main performance parameters and the output of the boiler reached or exceeded the designed
values.when firing bituminous coal of 15-20MJ/kg low heat value,the boiler was in stable combustion at a
furnace temperature of 920-930°C and a main steam temperature of 535-540°C. The boiler thermal efficiency
was 90.76% in case of firing design coal.

2) The pressure drop at the water side of economizer was 0.24MPa. The pressure drop at the steam side of
superheater was 1.27MPa. They were lower than the designed values of 0.35MPa and 1.30MPa, respectively.

Table1 Design and operation parameters of domestic 100 MW CFB Boiler

parameter design value Operation value
Main steam flow (t-h™) 410 421
Main steam pressure (MPa) 9.8 9.8
Main steam temperature ('C) 540 540
Feed water temperature (C) 215 233
Boiler thermal efficiency (%) 90.18 90.76
Furnace temperature (C) 920 930
Exhaust gas temperature ('C) 135 137
Desulphurization efficiency(%) 85 90
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(Continued)
parameter design value Operation value
Ca/S 22 2.1
Primary air temperature (C) 200 213
Secondary air temperature ('C) 200 206
SO, emission (mg/nr) 400 300
NOx emission (mg/mr’) 250 113
CO emission (mg/m’) 250 173

3) The boiler was of favorable variable load characteristics with the maximum power output of 108MW,
and could be in stable operation at 30% BRL(Boiler Rated load)without any oil support.

4) After 15000 hours of operation, the test on heating surface shows that the abrasion at tube wall was
quite slight with the local maximum abrasion inside furnace less than 0.5mm.

5) The annual availability of the unit may reach 92.97%, and the auxiliary power consumption rate was
10.5%.

210 MW CFB Boiler

The overall layout of domestic H-shaped 210 MW CFB boiler can be seen in Fig.3, referring to Table 2 for
the design and operation parameters. The diameter of boiler cyclone is 6.4m,and the sectional area of furnace is
160m? with parts of superheater and reheater installed inside four CHEs.

(@ ®)
Fig.3 H-shaped domestic 210MW CFB Boiler

(a) stereotome; (b) tope view

The home-made 210MW CFB boiler, installed in Jiangxi Fenyi Power Plant,had experienced 96-hour trial
operation successively up to July 7,2006, during which all performance parameters met the design requirements
with the the maximum boiler output of 224MW and the continuous load rate of 94.6%.

Table 2 Design and operation parameters of domestic 210 MW CFB Boiler

parameter design value Operation value
Main steam flow (t-h™) 670 690
Main steam pressure (MPa) 13.73 13.73
Main steam temperature ('C) 540 540
Reheat steam flow (t-h™) 584 584
Inlet pressure of reheat steam (MPa) 2.56 2.36
Outlet pressure of reheat steam (MPa) 238 2.14
Inlet temperature of reheat steam (C) 314 312
Outlet temperature of reheat steam ('C) 540 540
Feed water temperature (C) 249 250
Boiler thermal efficiency (%) 89 89.04
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(Continued)
parameter design value Operation value
Furnace temperature (°C) 920 930
Exhaust gas temperature ('C) 131 135.6
Primary air temperature ('C) 240 250
Secondary air temperature (C) 240 250
SO, emission (mg/m’) 390 271
NOx emission (mg/m®) 150 80
BMLR (BMCR%) 30 25

The practical operation shows that the CHEs firstly applied in China are in stable operation and they can
well regulate the bed temperature,superheating and reheating steam temperature during boiler load variation.

When the boiler was operating at a load of 50MW, thanks to the regulation of CHEs,the bed kept on
normal operation with the bed temperature above 850°C. This is of great significance for this anthracite-fired
CFB boiler, ensuring the combustion efficiency at low load and the optimal desulphurization temperature at
variable load.

H-shaped 330MW and M-shaped 300MW CFB Boilers

For large CFB boilers of 200MW and above,a concept and design idea of compound boiler type was
proposed for the first time in China.That means to arrange some platen superheaters inside the furnace, place
the other superheaters and reheaters inside the CHE, which is superior to other type large CFB boilers in
radiation space utilization, abrasion resistance,steam temperature features and power consumption of external

heat exchangers.
Figure 4 shows the technical solution of H-shaped 330 MW CFB boiler designed by TPRI for Jiangxi

Fenyi Power plant.Currently this demonstration project also has been put into commericial operation in
January 2009. Figure 5 shows the technical solution of M-shaped 300 MW CFB boiler under development,
which is equipped with three high-temperature cyclone separators of 8.8m in inside diameter and three sets of
material separation and returning system in parallel.Its superheater Ilis of wing wall structure and placed at
the upper part of furnace;its superheater [ is arranged inside two CHEs.Reheater II is installed inside
another CHE,and reheater I and superheater III are installed at the back pass.

In light of the advantages such as less metal consumption and simple coal feeding system, M-shaped 300
MW CFB boiler is preferred for power units firing bituminite and lignite. H-shaped 330MW CFB boiler is
favorable evenness and splitting performance for reliable coal feeding and ash returning, so it is practicable for
difficult to burn coals,such as anthracite and lean coal.
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Fig.4 H-shaped domestic330MW CFB Boiler Fig.5 M-shaped domestic300MW CFB Boiler
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DESIGNING 600MW SUPERCRITICAL CFB BOILER

Figure 6 shows the enlarging process of a CFB boiler from 50MW to 800MW. If the capacity is increased
to 600 MW, It is inevitable to introduce H-shaped arrangement.Referring to Fig.7 for the completed design
scheme of a 600MW supercritical CFB boiler,there are six separators(8.5m in diameter)placed on both sides of
its furnace; the sectional area and height of the furnace are 405m? and 58m, respectively; in addition,the water
wall has the structure of once rising vertical tubes equipped with six CHEs.

Capacity M H

50MW

100MW

200MW

300MW

600MW

800MW

Fig.6 Layout of domestic CFB boiler development Fig.7 Design of 600MW supercritical CFB Boiler

For project use, it is essential to carry out in-depth research on several key technologies of 600 MW
supercritical CFB boiler, shch as the distribution of heat flux density inside boiler, the heating surface
protection in external heat exchanger under particular conditions, the evenness of gas-solid splitting in cyclones
and the diffusion rules of coal particles flowing into furnace,etc.

NOTATIONS
o1 heat-transfer coefficient inside furnace, C, burn-up index of coal
W/(m2°C) K furnace characteristic coefficient
ur superficial gas velocity, m/s oce heat-transfer coefficient of external heat
t, furnace temperature,’C exchanger, W/(m*C)
k  characteristic coefficient of heat transfer t,  bed temperature of external heat exchanger, “C
a  ash concentration exponent A characteristic coefficient of heat transfer
f  temperature exponent v temperature exponent

H; total height of furnace, m
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EXPERIENCE FROM THE 300 MWe CFB DEMONSTRATION PLANT
IN CHINA

P. Gauvillé, J.-C. Semedard, S. Darling
ALSTOM Power

Abstract: This paper will describe the background and current status of the 300MWe CFB
Demonstration Project located at the Baima Power Plant in Sichuan Province. This project was
the first 300MWe class CFB in China and the first project built under the Transfer of Technology
from Alstom. The plant entered commercial operation in early 2006. The fuel is a high-ash
anthracite which has presented significant challenges in terms of higher-than-expected ash content
and top size. While this fuel has been problematic for the adjacent suspension-fired boilers,
performance in the CFB boiler has been excellent, with low carbon content in the ash, low
turndown and low emissions. Key boiler performance parameters will be described along with a
comparison of design and actual performance and the operational experience will be addressed.
Finally, the paper will describe Alstom’ s process for scaling the CFB technology from 300MWe
to 600MWe, and our supercritical CFB design.

Keywords: CFB, performances, anthracite, 300MWe

INTRODUCTION

Fluidized bed combustion plants have been in successful operation for many years in the capacity range
from 50 to 350MWe. Steam generators with circulating fluidized bed (CFB) combustion have found acceptance
throughout the world over the last few years, in particular for the power generation, but also as industrial power
plant and combined heat and power station. The reason for this success was twofold: (1) they could meet the
considerably stricter anti-pollution legislation without add-on equipment, and (2) fluidized bed combustion
plants allow the use of a broad fuel range, including various sludges and production residues and different types
of coal and biomass. CFB plants are also successful in China for the same reasons.

The increase in the energy consumption in China necessitates that new power stations are provided. As the
Chinese fuel market includes a share of low-volatile and high-sulfur coals, the fluidized bed technology is an
excellent technology for these fuels.

The construction of the 300MWe demonstration power plant Baima in the province of Sichuan is an
important milestone in this respect. Following a detailed evaluation process in the years from 1998 to 2002 the
delivery contract was awarded for the boiler scope at the beginning of 2003, making the Baima plant the first
300MWe CFB plant in China and one of the biggest worldwide.

The paper describes the project schedule and realization, focuses on the design and the basic principles
applied for this boiler, and gives a status of operational feedback from the commissioning phase and the
commercial operation of the plant. Furthermore, the paper will address the further increase in capacity up to
600MWe, which will further improve the economic efficiency of these plants in combination with the
introduction of supercritical steam parameters and the once-through technology.

THE BAIMA PROJECT IN CHINA

Alstom Power Boilers was awarded the contract for supplying the first 300MWe CFB boiler in China,
one of world’s largest CFB boilers, burning an anthracite and built in Sichuan province. The Baima plant was
constructed for Sichuan Baima CFB Demonstration Power Plant Co. Ltd., whose main shareholder is State
Power Grid and Sichuan Bashu Development Company. The contract was signed in July 2002 and put into
effect in April 2003. According to the contract, Alstom supplied the CFB boiler, with most of the manufacturing
being done in China and subcontracted to Dongfang Boiler Group which took advantage of the proximity of its
workshop from the site.

The Baima Project includes a Transfer of Technology agreement for CFB boilers between 200 and
350MWe from Alstom to three of China’s boiler manufacturers and to the seven members of the Chinese
Electric Power Design Institute.

The Baima CFB Demonstration Power Plant has been in commercial operation since April 2006 and test
campaigns were conducted for optimizing performance such as limestone consumption or carbon burnout. In
2007 a particular program was launched for allowing the power plant to be operated in automatic mode under
significant fluctuation of coal quality. Performance tests were conducted in May and June 2007.



114 Proceedings of the 20th International Conference on Fluidized Bed Combustion

One reason for selecting CFB technology for Baima was that the anthracite can be burnt without oil
support even at low loads. The minimum load without oil support guaranteed for Baima was 35 %. Another
reason was that post-capture equipment such as SO, scrubbers and SNCRs are avoided, thus positively
impacting CFB investment cost and ease of operation, while still meeting environmental emissions
requirements.

BOILER DESIGN

This 1025tonnes/hr natural circulation CFB boiler was designed to fire a Chinese anthracite coal at steam
conditions as shown in Table 1. The anthracite coal is characterized by a relatively low volatile matter content
(8.5 as received) and a high ash content (35 % as received). The lower calorific value is 4420 kcal/kg. The
detailed analysis is given in Table 1.

Table1l Baima CFB Boiler Main Data

i Steam conditions at MCR _ . . .  Units .
Main steam flow t/h 1025
Main steam pressure Bar 174
Main steam temperature °C 540
RH steam flow t/h 844
RH steam pressure Bar 37
RH steam temperature °C 540
Feed Water temperature °C 281
Design coalanmalysis o - ‘
Carbon % wt AR 492
Volatile matter % 8.55
Sulfur % 3.54 t0 430
Ash % 35.27
Moisture % 7.69
Lower Heating Value kcal/kg 4420
Emissions lé&el . - . - - - - - -
SO, mg/Nm?= 6 % O, 600
NOx mg/ Nm*= 6 % O, 250
Particulates mg/ Nm? 100

The emission requirements for the gases discharged at the stack are also shown in Table 1. No
post-combustion cleaning equipment is required. The design utilizes the concepts developed and well proven
by Alstom over several years of successful operation at the Provence and Red Hills plants, i.e. a dual grate
(pant-leg) furnace, four high efficiency cyclones and four external fluidized bed heat exchangers (FBHEs) - two
for bed temperature control and two for reheat steam temperature control . The arrangement of the CFB boiler
is shown in Fig. 1.

Potential (uncontrolled) sulfur dioxide levels in the flue gas are close to 10000 mg/Nm® ( 6% O, Dry Gas)
for the design coal and 14000mg/Nm’ for the higher sulfur coal. SO, emission must be lower than
600 mg/Nm3 when burning the design coal so that the required sulfur capture efficiency is close to 94%. Sulfur
capture is performed by injecting limestone into the furnace through four ports located in the return ducts from
seal pots to furnace. Calcium carbonate (CaCQ;) content in the limestone is within 90 to 92%.

Two major challenges for the Baima project in terms of performance were the combustion efficiency and
the limestone consumption. While the 250mg/Nm3 NOx emission limit was relatively low, this had already
been achieved at other Alstom units. Test campaigns with a low rank fuel had been conducted at the Provence
250MWel CFB power plant and had demonstrated the ability to manage the NOx emission below the limit by
changing the combustion temperature and in particular the air staging.

To achieve the high required performance, Alstom held to the following basic design principles:

e Uniform furnace temperature within the range 880°C-900°C in which the limestone reactivity was

demonstrated the highest and the carbon burnout near the expected figure.
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g

Fig. 1 Baima CFB Arrangement

e Besides the furnace water walls and the extended walls located in the furnace for complying with the
required evaporative duty, heating surfaces for superheat or reheat duty were put into the external beds.

e The cyclone and the inlet duct were designed to achieve the highest possible capture efficiency. Several
designs were tested on a cold flow model before choosing the final shape. This design was able to retain the
fine particles of lime and carbon in the solid loop and hence improve the performances by increasing solids
residence time. Furthermore high capture efficiency leads to an increase in the circulating ash flow,
ensuring a high heat transfer and a uniform temperature in the furnace and good contact between CaO
particles and SO, rich flue gas for optimum sulfur removal.

e Air staging in the bottom part was reviewed for burning anthracite based on Alstom’s previous experience.
The ratio of primary air rate flow to total air flow was increased and secondary air was properly distributed
around the furnace enclosure and in the core of furnace through air ports located on the both sides of
internal walls ( pant-leg) and over two levels.

e Coal was injected with the limestone in the return ducts from seal pots to furnace for allowing a pre-mixing
with the circulating ash before entering into the furnace. Return ducts were arranged for getting a
circulating ash flow at the entrance into the furnace, onto the centre line of the fluidization grate. This
arrangement takes advantage of the high momentum balance of circulating ash for achieving a good
penetration and mixing of all the solids along the furnace grate. Uniform distribution of coal and
limestone was reached and matched the air distribution.

¢ Bed inventory was also increased, compared to that from other CFBs commercial units burning higher rank
fuel.

BREAKTHROUGH FURTHER TO BAIMA COMMISSIONING AND OPERATION

Many difficulties in the procurement of coal from Chinese market occurred from the beginning of the
commissioning so that the quality of coal was worse than that of contractual technical specifications.

Whereas the contractual ash content was specified within 30 to 40%, the current ash content was very
often higher than 50% bringing about troubles in the bottom ash removal system and the coal crushing system.

Figure 2 highlights the ash content over an operating period in July 2007 of seven consecutive days.
Average ash content was close to 50% and sometimes exceeded 60%.

A large amount of stones in the raw coal brought about a very fast wearing of hammers in the secondary
crusher so that the expected coal PSD, important for achieving the design conditions, has never been reached.
30% by wt of coal particles were larger than 3mm with a maximum size around 15 mm and a D50 of 1 to 2
mm. Hence, coarse particles had to be extracted from the Fluidized Bed Ash Coolers (FBAC’s) but the high
amount of ash including many oversized particles led to a coarse ash build up inside the tube bundles and lack
of heat exchange. Excessive ash temperatures at the FBAC discharge were measured, so downstream
mechanical ash conveyors tripped very often. Although modification of the FBACs would have probably
been able to solve the problems, the owner decided to remove the FBACs and to replace them by Rotary
Ash Coolers (RAC’s). The replacement took place in September 2007. Since October 2007, when the four
RACs were put into operation , there has been no trouble in the ash extraction system even though the thermal
performance of the coolers was lower than expected. Cooler thermal capacity was improved during the plan
outage in July 2008 by increasing RAC length approximately 20%.
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Each RAC was installed in the place of an existing FBAC, which was dismantled. The inlet of the ash
cooler was kept through the cone valve and a vent to the flue gas duct was installed. The water quality and
pressure were taken into consideration and this led to a thick shell for the cooler. Figure 3 shows the design

principle of the RAC. Such coolers are widely used in China.

Fig.3 Rotary Ash Coolet

The trial run was successfully passed on April 17th, 2006 and the boiler has been in commercial operation
since then, following grid demand mainly between 160 and 300 MWel. Performance tests were carried out in
June 2007 and demonstrated the outstanding combustion and emissions as reported in Table 2.

Table 2 Performance tests results

Baima performance tests BECR Perf test 1 BECR Perf test 2 Design
date 26th June 2007 27th June 2007 BECR
Coal quality stability good good good
Coal LHV MJ/kg 15,38 16,49 18,5
Ash % 43,5 40,5 35,3
LHYV Boiler efficiency % (corr) >93 >93 <92
Added Ca/S (corr) <15 <17 <2,0
Sulfur capture % >95 >94 >94
SO, emission mg/Nm3 6%0, dry <600 <600 600
CO emission mg/Nm3 6%0, dry <150 <130 NA
NOx emission mg/Nm3 6%0, dry <100 <100 250

The combustion efficiency is also very good and the heat loss due to the unburned carbon is less than 3%
on LHYV basis. The auxiliary power consumption was close to 8600kW below the guaranteed value to 9500kW.
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It was also demonstrated that the boiler was able to operate in steady condition at 35% load without any
fuel oil support while keeping the rated steam temperatures at 540/540°C.

The bed temperature was controlled to the 880 °C average temperature set point by adjusting the heat
pick-up in the external beds. At 35% load the heat-pick distribution between the furnace and the external beds
is respectively 2/3 and 1/3 of the overall heat pick-up in the hot loop. A minimum flow rate of circulating ash is
required for the feeding of external beds and hence for reaching the heat pick-up needed in the FBHEs. The
flow rate of circulating ash can be calculated with the flue gas volume along with the ash concentration in the
upper part of furnace which is derived from the difference of pressure equal to 0.24kPa at 35% load as shown
in Fig. 4.

Front wall

Fig. 4 35% Load — Bed temperature and pressure

The difference of temperature between the bottom part of the furnace and the cyclone outlets is less than
20°C.

CO emission was close to 50 mg/Nm3 and NOx emission around 100mg/Nm3 as shown in Fig. 5, even
though excess air was increased up to 70%.
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The operation of the unit in automatic mode needed a real effort in the setting of control loops because of
the variability of coal quality. Coal flow varied from 120 t/h up to 200 t/h for the same power output of 300MW
over 1 hour as reported in the Fig. 6.
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Fig. 6 Coal flow variation at constant power generation

If the unit is operated under boiler follow mode, main steam pressure is controlled by the coal feeders.
Changes in electric power demand, acting simultaneously on the HP turbine throttle valves and on the boiler
load demand through a feed-forward controller, required the operators to be very watchful because the unit was
sensitive.

If the coal quality was fluctuating too much, the unit was operated under turbine follow mode.

In that case, the electric power demand acts on the speed of coal feeders and the main steam pressure is
controlled by the HP turbine throttle valves.

The main steam temperature and the reheat steam temperature were able to be controlled at the rated
temperatures as reported on figure 7 while the boiler was operated between 100% and 50% MCR and with a
main steam pressure set point from 120 to 170 Bar.
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Fig.7 Boilerload variation within 150 to 300 MWe

In spite of the obvious difficulty to optimize operation with such variable coal properties, the bed
temperature was around 880 °C and good combustion was achieved.

Another area in the CFBs which requires careful quality control is the refractory in the furnace. Therefore,
special care was taken in order to ensure high quality for the delivery and erection of the refractory, large
portions of which were supplied directly from China. Those efforts included clear specifications during the
design phase and close supervision and day-to-day quality control with on site replacement, if necessary, during
erection. Dry out definition and supervision was also in Alstom’s responsibility. Those efforts made during the
engineering phase and the erection of refractory and the normal maintenance managed cautiously by the owner
resulted in a very successful outcome. Fig. 8 shows the cleaning of joints and gives an idea of the excellent
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refractory condition after 14000 hours of operation.

Fig.8 Cleaning of joints after 14000 hours

FURTHER SCALE-UP AND SUPERCRITICAL DESIGN

The increase in CFB boiler capacity to 400 up to 600MWel is considered as the next feasible step with a
mitigation of technical risk resulting from the significant experience that Alstom gained through the
300-350 MWel CFBs. This increase in capacity is to be combined with the introduction of supercritical
technology that Alstom pioneered and has utilized for many years for pulverized coal (PC) boilers.

The increase in capacity and the introduction of supercritical steam parameters in CFB plants impact some
key components such as the furnace, cyclones and FBHEs.

Furnace

For boiler sizes above 400MWe a concept with a dual grate (pant leg) is required in order to ensure proper
air distribution and complete combustion. Two or three cyclones and up to three FBHEs are arranged on each
side of the furnace. Figure 9 shows the overall arrangement of a six-cyclone boiler.

yelone overflow duct

.- Backpass
Cyclones

Furnace — i - Coal Silos

Elevator/Staircase
#
FBHEs

Fig.9 Arrangement of a supercritical fluidized bed boiler for 600 MWe

e Besides having some impact on the size of buckstays, the furnace width is typically lower than for a 300
MWel single grate design.

e The furnace depth is designed in such a manner that the secondary air can penetrate deeply into the furnace.
With the conventional single grate concept this requirement leads to widths of max. 10 m. In order to avoid
this limitation for large furnaces, the dual grate concept was introduced.

A staging of the secondary air is especially effective for high reactive fuels. The more homogeneous the
oxygen distribution, the less NOx and SO, is produced and the more effective becomes the limestone
consumption and fuel burnout. Each grate section of the dual grate is provided with separate fuel and air
feeding points. The secondary air is injected from the enclosing wall and also from the interior furnace walls.
The separate control of the primary and secondary air above each grate section helps to achieve a uniform
fluidization, homogeneous stoichiometries and a uniform bed material inventory.

Cyclone
For supercritical steam parameters the cyclones plus inlet and outlet ducts are supplied with a tubed design
and cooled by the superheated steam. This leads to a minimization of the refractory lining in the cyclone area.
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Experience with the manufacturing and erection of tubed cyclones have already been gained with subcritical
plants and nowadays the steam cooled cyclone is the common design for the majority of 300MW,, and larger
CFBs .

FBHE

For the optimum utilization of the heat input to the furnace, FBHEs are used as a supplement to the
heating surfaces in the furnace. In the FBHEs the circulating ashes with temperatures from 845 to 900 °C are
cooled to approx. 600 °C, and the heating surfaces can be arranged as superheater, reheater or even as
evaporator. The ash flow into the FBHE is controlled by an ash valve.

Besides the possibility of controlling the furnace and reheater temperature without spray attemperation,
another advantage of the FBHE is the high heat transfer coefficient from the ash particles to the tube banks,
which leads to compact heating surfaces. Modular design enables the increase of the thermal output without
any modification of the design concept. Thus, the scale-up risks are avoided. With the increase of the plant
capacity the number of the FBHEs is increased. The number of FBHES can be at most equal to the number of
the cyclones.

SUMMARY

In recent years, CFB plants have become established in the capacity range from 250 to 350 MWe. A
further capacity increase up to 600 MWe is feasible. The introduction of supercritical steam parameters further
improves efficiency and additionally allows the reduction of CO, emissions. In this context, CFB technology
takes advantage of the design and operating experience of pulverized fuel firing plants. Particularly in the area
of the materials and once-through technology the experience from pulverized fuel firing plants can be directly
applied to the fluidized bed.

All the experience gained throughout the operational feedback of Baima CFB power plant as well as from
the other CFBs in China and throughout the world, emphasizes the ability of the CFB technology to achieve
high performances for a wide range of fuel and comply with strict emissions of pollutants.

In the meantime, the international community is pushing forward towards a drastic reduction of CO,
emission. Many CO, capture technologies are being investigated and the first demonstration plants have just
been in operation for a few months. CFB technology with oxygen firing is also a promising and competitive
solution for commercial power plant addressing a wide range of fuels, including low grade coals and pet coke.
The size of CFB boiler might be reduced compared to CFB boiler in Air fired. Alstom is developing Oxy CFB
technology with the objective of constructing the first demonstration plant within the next two or three years.
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PROJECT MAXAU - FIRST APPLICATION OF HYBRID CFB
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Abstract: As a worldwide supplier of fluidized bed combustion plants the reference list of
Austrian Energy & Environment comprises more than 80 fluidised bed boilers over a wide
capacitiy range with different kinds of fuel such as coal, biomass, sludges, RDF or various
industrial wastes.

Actually two types of CFB Boilers were supplied by AE&E:

On the one hand the “classical”, conventional POWERFLUID® CFB with cooled furnace, cyclone,
cross-over duct or vertical convection pass to be employed for combustion of conventional fuels
such as hard coal, lignite, biomass and sludge et al. The chlorine content of these fuels is as a rule
lower than 0.1% in dry matter.

On the other hand the especially developed CFB for the combustion of refuse derived fuel (RDF)
with the special features of an adiabatic primary loop with controlled heat extraction in an
external bed material cooler, a toroid shaped adiabatic post combustion chamber downstream the
primary cyclone. This combustion part is followed by a well known boiler concept of a classical
waste incineration consisting of two radiation passes and a horizontal convection pass with
hanging superheater and evaporation bundles.

Live steam temperatures up to 470°C (450°C) with fuel chlorine contents of 1.2% (1.5%) in dry
matter can be accepted with this concept.

Market development in the last years showed a limited access to a particular segment with these
two CFB concepts. This market segment consists of co - combustion plants firing biomass and / or
conventional fuels with addition of RDF or production residues - in the majority of cases in the
pulp and paper industry. The chlorine content in these fuel mixtures is typical around 0.2% in dry
matter, with often missing sulphur content and the required live steam temperatures are between
500°C and 520°C.

Out of this AE&E developed a “combined” CFB-concept with the brand name POWERFLUID®-
Hybrid.

The presentation will provide a detailed description of the special features of the Hybrid
technology by means of the Maxau plant.

Keywords: RDF, Hybrid, Maxau

INTRODUCTION

Depending on special requirements of the various fuels and the size of the boiler different combustion
systems like the bubbling bed or a circulating fluidized bed technology will be used.

All of these systems have been developed by AE&E and will allow maximum flexibility in the range of
fuels. Beside environmentally sound combustion with low emissions, maximum boiler efficiency is the main
target.

To reach the market for co-combustion plants firing a combination of biomass and/or conventional fuels
together with RDF and other waste fuels a new concept was needed.

In addition the rules for the co - combustion of waste in the EC, stipulated in the Directive 200/76/EC,
must be fulfilled. These are amongst others the requirement for a minimum residence time of 2 seconds for the
flue gas at more than 850°C.

In the new developed CFB concept with the brand name PowerFluid®- Hybrid, which is in optimum
accordance with these requirements, proven components of the two already established types were used and
combined.

Table 1 Comparison of the different systems

The first implementation of this new CFB type for co-combustion of waste is on the way fulfilling a
contract signed in spring 2008.

The order consists of CFB plant approved according to the 17* BImSchV of Germany in a paper mill
located in Maxau, Germany. The plant is designed for a live steam capacity of 198 tons/h with 520°C and
95 barg.
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Table 1 compares the different systems showing the main features

Conventional Hybrid RDF

POWERFLUID® Boiler PowWERFLUID® Boiler POWERFLUID® Boiler
Fuels Coal, Biomass, Sludge, Coal, Biomass, Sludge, RDF, Rejects, Coal,

RDF, Rejects Biomass, Sludge,
Chlorine Content <0,1% in dry sub. <0,3% in dry sub. <1,5% (1,2%) in dry sub.
Max. Steam Output max. 450 tphr/346 tphr <290 tphr ~ 180 tphr
Max. Steam Parameters 145 bara / 560 °C 115 bara/ 520 °C 70 bara / <ns1:XMLFault xmlns:ns1="http://cxf.apache.org/bindings/xformat"><ns1:faultstring xmlns:ns1="http://cxf.apache.org/bindings/xformat">java.lang.OutOfMemoryError: Java heap space</ns1:faultstring></ns1:XMLFault>