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The first four editions of Gas Purijication were authored by Arthur L. Kohl and Fred C. 
Riesenfeld. hh. Riesenfeld died shady after publication of the fourth edition in 1985. His 
considerable technical contributions and warm friendship will be sorely missed. 

The present team of authors has endeavored to completely overhaul and update the text for 
publication as this fifth edition of Gas Punjication. Three new chapters have been added to 
cover the rapidly expanding fields of NO, control (Chapter IO), absorption in physical sol- 
vents (Chapter 14), and membrane permeation (Chapter 15). All other chapters have been 
expanded, revised, and rearranged to add new subject matter, delete obsolete material, and 
provide increased emphasis in areas of strong current interest. Examples of major additions 
to existing chapters are the inclusion of new sections on liquid hydrocarbon treating (Chapter 
2), Claus plant tail gas treating (Chapter 8), biofilters for odor and volatile organic com- 
pound (VOC) control (Chapter 12), thermal oxidation of VOCs (Chapter 13), and sulfur 
scavenging processes (Chapter 16). 

Because of the growing importance of air pollution control, the coverage of gas purifica- 
tion technologies that are applicable in this field, such as SO2, NO,, and VOC removal, has 
been expanded considerably. On the other hand, the use of ammonia for H2S and COz 
removal and the removal of ammonia from gas streams represent technologies of decreasing 
importance, primarily because of the declining use of coal as a source of fuel gas. Discus- 
sions of these two subjects have, therefore, been combined into a single chapter (Chapter 4). 

Organization of the text represents a pc t ica l  compromise between an arrangement based 
on unit operations or process similarities and one based on impurities being removed. Thus, 
Chapters 12 and 15 cover the operations of adsorption and membrane permeation, respec- 
tively, and the use of these technologies for the removal of a wide variety of impurities; 
while Chapters 7 and 10 cover single impurities (SOz and NO,, respectively) and their 
removal by a number of different processes. Consideration is also given to the industrial 
importance of the technologies in the allocation of chapters; as a result, two chapters (Chap- 
ters 2 and 3) are devoted to the use of amines for the removal of H2S and COz, while only 
one, rather short chapter (Chapter 6) covers the use of water for the absorption of gas impuri- 
ties of any type. 

The aim of this book is to provide a practical engineering description of techniques and 
processes in widespread use and, where feasible, provide sufficient design and operating data 
to permit evaluation of the processes for specific applications. Limited data on processes that 
were once, but are no longer commercially important, are also presented to p v i d e  an histor- 
ical perspective. Subject matter is generally limited to the removal from gas streams of gas- 
phase impurities that are present in relatively minor proportions. The removal of discrete sol- 
id or liquid particles is not discussed, nor are processes that would more appropriately be 
classified as separation rather than purification. 

A generalized discussion of absorption is provided in Chapter 1 because this unit opera- 
tion is common to so m y  of the processes described in subsequent chapters. Discussions of 
other unit operations employed in gas purification processes, such as adsorption, catalytic 



conversion, thermal oxidation, permeation, and condensation are included in the chapters 
devoted to these general subjects. 
No attempt has been made to define the ownership or patent status of the processes 

described. Many of the basic patents on well-known processes have expired; however, 
patented improvements may be critical to commercial application. In fact, a number of 
important proprietary systems are based primarily on the incorporation of special additives 
or flow system modifications into previously existing processes. 

Technical data are normally presented in the units of the original publication. practically, 
this means that most U.S. data on commercial operations are given in English units, while 
foreign and U.S. scientific data are presented in metric or, occasionally, SI units. To aid in 
the conversion between systems, a table of units and conversion factors is included as 
an appendix. 

The assistance of many individuals who contributed material and suggested improvements 
is gratefully acknowledged. Thanks ace also due to the companies and organizations who 
graciously provided data and gave permission for reproducing charts and figures. The num- 
ber of such organizations is too large to permit individual recognition in this preface; howev- 
er, they are generally identified in the text as the sources of specific data. We particularly 
acknowledge with appreciation the generous support of the Fluor Daniel Corporation in the 
preparation of this edition, and to the following Fluor Daniel personnel: Joseph Saliga, for 
providing much of the new data in Chapters 7 and 10 on S q  and NO, removal processes; 
Michael Patter, for input on sulfur umversion processes; Paul Buclcingham, for work on the 
physical solvent chapter; and David Weirenga, for assistance with the chapter on permeation 
processes. Other significant contributors to this fifth edition are Ronald Schendel, consultant, 
who provided data for Chapters 8 and 15 on sulfur conversion technology and permeation 
processes; John McCullough, Proton Technology, who supplied information for the discus- 
sion of amine plant corrosion in Chapter 3; Robert Bucklin, consultant, who provided 
detailed information on sulfur scavenging processes for Chapter 16; and Dr. Carl Vancini, 
who drafted the review of the Streeford process for Chapter 9. Finally, we wish to express 
gratitude to our families: Evelyn, Jeffrey, and Martin Kohl; and Theresa and Michael Nielsen 
for their support and patience during the preparation of this book 

Arthur L. Kohl 
Richard B. Nielsen 
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DEFINITIONS 

Gas purification, as discussed in this text, involves the removal of vapor-phase impurities 
from gas streams. The processes which have been developed to accomplish gas purification 
vary from simple once-through wash operations to complex multiple-step recycle systems. In 
many cases, the process complexities arise from the need for recovery of the impurity or 
reuse of the material employed to remove it. The primary operation of gas purification 
processes generally falls into one of the following five categories: 

1. Absorption into a liquid 
2. Adsorption on a solid 
3. Permeation through a membrane 
4. Chemical conversion to another compound 
5. Condensation 

Absorption refers to the transfer of a component of a gas phase to a liquid phase in which it 
is soluble. Stripping is exactly the reverse-the transfer of a component from a liquid phase in 
which it is dissolved to a gas phase. Absorption is undoubtedly the single most important 
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operation of gas purification processes and is used in a large fraction of the systems described 
in subsequent chapters. Because of its importance, a section on absorption and basic absorber 
design techniques is included in this introductory chapter. 

A&o@o~, as applied to gas purification, is the selective concentration of one or more 
components of a gas at the surface of a microporous solid. The mixture of adsorbed c o w  
nents is call4 the adsorbate, and the microporous solid is the admrbent. The attractive forces 
holding the adsorbate on the adsorbent are weaker than those of chemical bonds, and the 
adsorbate can generally be released (desorbed) by raising the temperature or reducing the 
partial pressure of the component in the gas phase in a manner analogous to the stripping of 
an absorbed component from solution. When an adsorbed component reacts chemically with 
the solid, the operation is called chemisorption and desorption is generally not possible. 
Adsorption processes are described in detail in Chapter 12, which also includes brief discus- 
sions of design techniques and references to more compdmsive texts in the field. 

Membrane permealion is a relatively new technology in the field of gas purification. In 
this process, polymeric membranes separate gases by selective permeation of one or more 
gaseous components from one side of a membrane barrier to the other side. The components 
dissolve in the polymer at one surface and ~IE transported across the membrane as the result of 
a concentratioIl gradient. The concentration gradient is maintained by a bigh partial pressure of 
the key components in the gas on one side of the membrane barrier and a low partial pressure 
on the other side. Although membrane permeation is still a minm factor in the field of gas 
purification, it is rapidly finding new applications. Chapter 15 is devoted entirely to membrane 
permeation processes and includes a brief discussion of design techniques. 

Chemical conversion is the principal operation in a wide variety of processes, including 
catalytic and noncatalytic gas phase reactions and the reaction of gas phase components with 
solids. The reaction of gaseous Species with liquids and with solid particles suspended in liq- 
uids is considezed to be a special case of absorption and is discussed under that subject. A 
generalized treatment of chemical reactor design broad enough to cover all gas purification 
applications is beyond the scope of this book; however, specific design parameters, such as 
space velocity and required time at tempera-, are given, when available, for chemical con- 
version processes described in subsequent chapters. 

Condensation as a means of gas purification is of interest primarily for the removal of 
volatile organic compounds (VOCs) from exhaust gases. T k  process consists of simply 
cooling the gas stream to a temperatme at which the Organic compound has a suitably low 
vapor pressure and collecting the condensate. Details of the process are given in Chapter 16. 

PROCESS SELECTION 

The principal gas phase impurities that must be removed by gas purification processes are 
listed in Table 1-1. 

Selecting the optimum process for removing any one or combination of the listed impuri- 
ties is not easy. In many cases, the desired gas purification can be accomplished by several 
different processes. Determining which is best for a particular set of conditions ultimately 
requires a detailed cost and performance analysis. However, a preliminary screening can be 
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Table 1-1 
Principal Gas Phase Impurities 

1. Hydrogen sulfide 
2. Carbon dioxide 
3. Water vapor 
4. sulfur dioxide 
5. Nitrogen oxides 
6. Volatile organic compounds (VOCs) 
7. Volatile chlorine compounds (e.g., HC1, C1d 
8. Volatile fluorine compounds (e.g., HF, SiF,) 
9. Basic nitrogen compounds 

10. Carbon monoxide 
1 1. Carbonyl sulfide 
12. Carbon disulfide 
13. Organic sulfur compounds 
14. Hydrogen cyanide 

made for the most commonly encountered impurities by using the following generalized 
guidelines. 

Hydrogen sulfide and carbon dioxide removal processes can be grouped into the seven 
types indicated in Table 1-2, which also suggests the preferred areas of application for each 
process type. Both absorption in alkalime solution (e.g., aqueous diethanolamine) and absorp- 
tion in a physical solvent (e.g., polyethylene glycol dimethyl ether) are suitable process tech- 
niques for treating high-volume gas streams containing hydrogen sulfide andor carbon diox- 
ide. However, physical absorption processes are not economically competitive when the acid 
gas partial pressure is low because the capacity of physical solvents is a strong function 

Table 1-2 
Guidelines for Selection of H2S and C& Removal Processes 

AcidGas Plant Partial Sulfur 
Type of Process HzS COz Size Pressure Capacity 

Absorption in Alkaline Solution A A H L H 
Physical Absorption A A H H H 
AbsorptiodOxidation A - H L L 
Dry SorptionlReaction A - L L L 
Membrane Permeation A A L H L 
Adsorption A A L L L 
Methanation - A L L - 

Notes: A =Applicable, H = High, L =Low; dividing line between high and low is roughly 20 
MMscfd for plant sue, 100 psia for partial pressure. and I O  tondday for sulfur capaciv. 
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partial pressure. According to Christensen and Stupin (1978), physical absorption is generally 
favored at acid gas partial pressures above 200 psia, while alkaline solution absorption is 
favored at lower partial pressures. Tennyson and Schaaf (1977) place the boundary line 
between physical and chemical solvents at a somewhat lower partial pressure (Le., 60-100 
psia) above which physical solvents are favored. They also provide more detailed guidelines 
with regard to the preferred type of alkaline solution and the effect of different acid gas 
removal requirements. The absorption of hydrogen sulfide and carbon dioxide in alkaline 
solutions is discussed in detail in Chapters 2,3,4, and 5. Chapter 14 covers the use of physi- 
cal solvents. 

Membrane permeation is particularly applicable to the removal of carbon dioxide from 
high-pressure gas. The process is based on the use of relatively small modules, and an 
increase in plant capacity is accomplished by simply using proportionately more modules. 
As a result, the process does not realize the economies of scale and becomes less competitive 
with absorption processes as the plant size is increased. McKee et al. (1991) compared 
diethanolamine PEA)  and membrane processes for a 1,OOO psia gas-treating plant. For their 
base case, the amine plant was found to be generally more economical for plant sizes greater 
than about 20 MMscfd. However, at very high acid-gas concentrations (over about 15% car- 
bon dioxide), a hybrid process proved to be more economical than either type alone. The 
hybrid process, which is not indicated in Table 1-2, uses the membrane process for bulk 
removal of carbon dioxide and the amine process for final cleanup. Membrane processes are 
described in Chapter 15. 

When hydrogen sulfide and carbon dioxide are absorbed in alkaline solutions or physical 
solvents, they are normally evolved during regeneration without undergoing a chemical 
change. If the regenerator offgas contains more than about 10 tons per day of sulfur (as 
hydrogen sulfide), it is usually economical to convert the hydrogen sulfide to elemental sul- 
fur in a conventional Claus-type sulfur plant. For cases that involve smaller quantities of sul- 
fur, because of either a very low concentration in the feed gas or a small quantity of feed gas, 
direct oxidation may be the preferred route. Direct oxidation can be accomplished by absorp- 
tion in a liquid with subsequent oxidation to form a slurry of solid sulfur particles (see Chap- 
ter 9) or sorption on a solid with or without oxidation (see Chapter 16). The solid sorption 
processes are particularly applicable to very small quantities of feed gas where operational 
simplicity is important, and to the removal of traces of sulfur compounds for final cleanup of 
synthesis gas streams. Solid sorption processes are also under development for treating high- 
temperature gas streams, which cannot be handled by conventional liquid absorption 
processes. 

Adsorption is a viable option for hydrogen sulfide removal when the amount of sulfur is very 
small and the gas contains heavier sulfur compounds (such as mercaptans and carbon disulfide) 
that must also be removed. For adsorption to be the preferred process for carbon dioxide 
removal, there must be a high C Q  partial pressure in the feed, the need for a very low concen- 
tration of carbon dioxide in the product, and the presence of other gaseous impurities that can 
also be removed by the adsorbent. Typical examples are the purification of hydrogen from 
steam-hydrocabon reforming, the purification of land-fill effluent gas, and the purification of 
ammonia synthesis gas. Adsorption processes are described in detail in Chapter 12. 
Two processes predominate for water vapor removal: absorption in glycol solution and 

adsorption on solid desiccants. These two processes are quite competitive and, in many cases, 
either will do an effective job. In general, a dry desiccant system will cost more, but will p m  
vide more complete water removal. For large-volume; high-pressure natural gas treating, gly- 
col systems are generally more economical if dew-point depressions of 40" to 60°F are suffi- 
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Carbon 
Adsorption 

Absorption 

Condensatton 

cient. For dew-point depressions between about 60" and 100°F, either type may prove more 
economical based on the specific design requirements and local operating costs. For dew- 
point depressions consistently above lOOT, solid desiccant processes are generally specified, 
although the use of very highly concentmted glycol solutions for attaining water dew points as 
low as -130°F is gaining favor. Solid desiccant processes are also preferred for very small 
installations where operating simplicity is a critical factor. Gas dehydration by absorption in 
liquids is covered in Chapter 11, and by adsorption using solid desiccants in Chapter 12. 

Fewer options have been commercialized for the removal of sulfur dioxide and nitrogen 
oxides than for hydrogen sulfide and carbon dioxide. The predominant process for flue gas 
desulfurizaton (FGD) for large utility boiler applications is wet scrubbing with a lime or 
limestone slurry. This process can provide greater than 90% sulfur dioxide removal. Where 
lower removal efficiency can be tolerated, spray drying and dry injection processes have 
been found to be more economical. Commercially proven processes for the removal of nitro- 
gen oxides from the flue gas of large boiler plants are currently limited to selective catalytic 
reduction (SCR) and t h d  reduction processes. The SCR process is the only one capable 
of 90%-plus NO, removal efficiency. Further details on the selection of FGD and nitrogen 
oxide removal processes are provided in Chapters 7 and 10. 

Volatile organic compounds (VOCs) can be removed from gases by at least five types of 
processes: thermal incineration, catalytic incineration, carbon adsorption, absorption in a liq 
uid, and condensation. Preliminary guidelines for selection of these are given in Figure 1-1, 
which is based on the data of McInnes et al. (1990). For typical VOC concentrations in the 
range of 100 to 1,OOO ppmv, only thermal incineration cau provide 99% removal efficiency. 
Of course, feed concentration and removal efficiency are not the only h c t m  to be consid- 
ered. For example, if energy consumption is a significant factor, Catalytic incineration may be 
preferable to thermal incineration because it operates at a lower temperature and therefore 
requires less heat input. If chemical recovery as well as removal is required, a process other 
than incineration must be specsed. A detailed discussion of factors to be considered in select- 
ing the best VOC control strategy is given by Ruddy and Carrol(1993). Specific VOC 
removal processes are described in several chapters, Chapter 1 2 - a d ~ t i o n  processes, Chap 
ter 13-atalytic incineration and thermal incineration processes, Chapter 15-membrane 
permeation processes, and Chapter 1Londensation and absqtidoxidation processes. 

50% 95% - 99% 
90%- 95% - 98% - 50% 90% - 95% 

I I I I 1  I I 1  I 

95% -99% 
Thermal 
Incineration 

catalytic 
Incineration 
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Introduction 

Absorption, as applied to gas purification processes, can be divided into the following 
general classifications based on the nature of the interaction between absorbate and 
absorbent: 

1. Physical Solution. In this type of process the component being absorbed is more soluble in 
the liquid absorbent than other components of the gas stream, but does not react chemical- 
ly with the absorbent. The equilibrium concentration of the absorbate in the liquid phase is 
strongly dependent on the partial pressure in the gas phase. An example is the absorption 
of hydrogen sulfide and carbon dioxide in the dimethyl ether of polyethylene glycol 
(SelexoI Process). Relatively simple analytical techniques have been developed for 
designing systems of this type. 

2. Reversible Reaction. This type of absorption involves a chemical reaction between the 
gaseous component being absorbed and a component of the liquid phase to form a loosely 
bonded reaction product. The product compound exhibits a finite vapor pressure of the 
absorbate which increases with temperature. An example is the absorption of carbon diox- 
ide into monoethanolamine solution. Analysis of this type of system is complicated by the 
nonlinear shape of the equilibrium curve and the effect of reaction rate on the absorption 
coefficient. 

3. Irreversible Reaction. In this type of absorption the component being absorbed nxcts with 
a component of the liquid phase to form reaction products that can not readily be decom- 
posed to release the absorbate. An example is the absorpaon of hydrogen sulfide in iron 
chelate solution to form a slurry of elemental sulfur particles. The analysis of systems 
involving irreversible reactions is simplified by the absence of an equilibrium vapor pres- 
sure of adsorbate over the solution, but becomes more complex if the irreversible reaction 
is not instantaneous or involves several steps. 

Contactor Selection 
The primary hct ion of the gas absa?ption contactor is to pvide  an extensive a m  of liquid 

surface in contact with the gas phase under conditions favaing mass transfer. Contactom nor- 
mally employ at least one of the following mechanisms: (1) dividing the gas into small bubbles 
in a continuous liquid phase (e.g., bubble cap trays), (2) spreading the liquid into thin films that 
flow through a continuous gas phase (e.g., packed columns), and (3) forming the liquid into 
small drops in a continuous gas phase (e.g., spray chambers). All three types of contact are 
employed in gas purification absorbers. They are interchangeable to a considerable extent, 
although specific requirements and conditions may favor one over the others. 

Countercurrent contactors can also be categorized as staged columns, which utilize separate 
gas and liquid flow paths in individual contact stages; differential columns, which utilize a con- 
tinuous contact zone with countercurrent flow of gas and liquid in the zone; and pseudo-equi- 
librium columns, which combine essentially mtercurrent flow of gas and liquid streams with 
discrete stages. A simplified guide to the selection of gas-liquid contactors based on this cats 
goriZation is presented in Table 1-3 which is derived from the work of Frank (1977). 

Table 1-3 is generally applicable for stripping columns as well as absorbers, although 
additional parameters may need to be considered. Bravo (1994) points out that biological or 
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Table 1-3 
Selection Guide for Gas-liquid Contactom 

Staged Columns Rating of Column Internals 
Perforated, Bubble Cap Merential Columns Pseudo-Equilibrium 

of Application Trays Trays Packed Paeked less Donut 
Conditions or Valve or Tunnel Randomly Systematically Downcomer- Disc and 

Low pressure (e100 mm Hg) 
Moderate pressure 
High pressure 

(>50% of critical) 
High turndown ratio 
Low liquid rates 
Foaming systems 
Internal tower cooliig 
Solids present 
Diay or polymerized solution 
Multiple feeds and sidesixam 
High liquid rates (scrubbing) 
Small diameter columns 
Columns with diametex 3-10 ft 
Large diameter columns 
Corrosive fluids 
Viscous fluids 
Low AP (efficiency 

no concern) 
Expanded column capacity 
Low cost (performance 

Available design procedures 
no concern) 

2 
3 

3 
2 
1 
2 
2 
2 
2 
3 
2 
1 
3 
3 
2 
2 

1 
2 

2 
3 

1 
2 

2 
3 
3 
1 
3 
1 
1 
3 
1 
1 
2 
1 
1 
1 

0 
0 

1 
2 

2 
2 

2 
1 
1 
3 
1 
1 
1 
1 
3 
3 
2 
2 
3 
3 

2 
2 

2 
2 

3 
1 

0 
2 
2 
0 
0 
0 
0 
0 
0 
2 
2 
1 
1 
0 

2 
3 

1 
1 

0 
1 

2 
0 
0 
2 
1 
3 
3 
2 
3 
1 
2 
2 
2 
1 

0 
2 

3 
1 

1 
1 

0 
1 
0 
1 
0 
1 
2 
1 
2 
1 
1 
1 
2 
0 

3 
0 

3 
1 

~~ 

Notes: 
Rating key: 0 - Do not use 

I - Evaluatecarefully 
2 - Usuallyapplicable 
3 - Bestselection 

Staged columns: T r q  columns with separate liquid and vapor flow paths. 
Common types: Bubble cap, sieve, valve. 
Proprietary f)pes: Angle, Uniflu, MOnQ, Linde, Thorman, Jet. 

Diffiential columns: True countercurrentflow of gas and liquid. 
Randomly packed: Rawhig rings, saddles, sloned rings, Tellerettes, Maspac. 
Systematically packed: Flaipac. Goodloe, HyperjZ, Sulzer, Glitch Grid. 

Downcomerless trays: Pe$orated, Turbogrid, Ripple. 
Low pressure drop trays: Disc and donut, shower deck 

Venturi scrubber, turbulent contact absorber, marble bed absorber, horizontal spray chamber, cocurrent rotator. 

Pseudo-equilibrium stages: Countercutrent flow of gas and liquid with discrete trays. 

Special devices (not rated in table): 

Based on data of Frank 1977 
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inorganic fouling of trays or packing may occur when volatile organic compounds (VOCs) 
are steam stripped from water; however, he concludes that neither type of column has an 
advantage when fouling occurs. In another paper, Bravo (1993) describes methods to avoid 
and contend with the fouling of packing. 

Gas purification absorbers often operate with liquids that contain suspended solid parti- 
cles. A detailed review of techniques and design issues involved in making a vaporhquid 
mass transfer device operate with solid particles in the solvent is given by Stoley and Martin 
(1995). They rank mass transfer equipment for such service from most suitable to least suit- 
able as 

1. grid-structured packing 
2. baffle trays (e.g., shed trays, disc-and-donut trays, side-to-side trays) 
3. dual-flow trays (e.g., downcomerless perforated trays with large openings) 
4. tab trays (e.g., fixed tabs, jet tabs) 
5. sieve trays (with downcomers) 
6. bubble-cap trays 
7. third generation random packings (e.g., Glitsch CMR) 
8. second generation random packings (e.g., Glitsch Ballast Plus Rings) or smooth-surface 

9. aggressive-surface smctured packings 
10. first generation random packings (e.g., Raschig rings) 
11. complex trays (e.g., film or valve trays) 
12. mist eliminator pads or wire packings 

structured packings 

As a further guide to the selection of absorbers, the relative costs of six types of tray 
columns and ten types of column packings are presented in Table 1-4 (Blecker and Nichols, 
1973). Generalized comments on the nature and fields of application for tray, packed, and 
spray contactors follow. 

Tny Columns 
Tray columns (also called plate columns) are particularly well suited for large installa- 

tions; clean, noncorrosive, nonfoaming liquids; and low-to-medium liquid flow applications. 
Tray columns are also preferred when internal cooling is required in the column. Cooling 
coils may be installed directly on individual trays or liquid can readily be removed at one 
tray, cooled, and returned to another tray. Perforated trays (also called sieve trays) are widely 
used because of their simplicity and low cost. 

The formerly popular bubblecap design is now used primarily for columns requiring a 
very low liquid flow rate, although structured packing is being used as a replacement for 
bubble-cap trays in many such applications. A number of special tray designs have been 
developed, including valve, grid, and baffle types to overcome some of the limitations of 
simple perforated and bubblecap trays. Valve trays have been particularly popular because 
they permit operation over a wider range of flow rates than simple perforated trays without 
the high liquid holdup of bubble-cap trays. Examples of proprietary designs are the Koch 
Flexitray, Glitsch Ballast Tray, and Nutter Float Valve Tray. 

Conventional bubble-cap, perforated, and valve trays operate as crossflow contactors in 
which the liquid flows horizontally across the tray and contacts gas flowing vertically 
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Table 1-4 
Relative Costs of Columns 

Relative Costs of Tray Columns (for equal diameter and height) 

Bubble Cap 1 .oo 
Plate Tmy 0.842 
Sieve Tray 0.874 
Turbogrid 0.855 

Koch Kascade 1.243 

Valve Tray 0.911 

Relative Costs of Column Packings (installed cost for equal volumes 
of packing, Wcu. ft in 1973 dollars) 

Berl saddles, stoneware 
Berl saddles, steel 
Berl saddles, stainless steel 
Intalox saddles, ceramic 
Pall rings, polypropylene 
Pall rings, stainless steel 
Raschig rings, stoneware 
Raschig rings, stainless steel 
Raschig rings, steel 
Tellerettes, HD polyethylene 

Data of Bleckr and Nichols, 1973 

1-in. Dia. 
13.10 
26.30 
32.80 
13.30 
36.90 
13.60 
6.30 

15.70 
12.60 
26.30 

2-in. Dia. 
- 
- 
- 

10.40 
26.30 
9.80 

10.90 
4.38 

8.79 
- 

upward through openings in the tray. After traversing the tray, the liquid flows into a down- 
comer, which conveys it to the tray below. Downcomers typically occupy 5 to 20% of the 
column cross-sectional area. 

In countercurrent trays, which are also available but less popular than crossflow types, the 
liquid flows from one tray to the next lower tray as free falling drops or streams. Examples 
of countercurrent trays include perfomted (Dual How), slotted (Turbogrid), and perforated- 
cormgated (Ripple). The trays are reasonably efficient, but lack flexibility because tray 
holdup and operating characteristics are highly dependent on gas and liquid flow rates. 

Baffle or shower deck tray columns also approximate countercurrent contactors. These 
trays are nonperforated horizontal or slightly sloped sheets, each of which typically occupies 
slightly more than half of the tower cross-sectional area. The liquid flows off the edge of one 
tray as a curtain of liquid or series of streams and falls through the gas stream to the tray 
below. Typically, the trays are half moon in shape on alternate sides of the column, or disc 
and donut designs with centrally located discs that are slightly larger than the openings in 
donut-shaped trays located above and below them. Baffle trays are used for extremely dirty 
liquids when highly efficient contact is not required and for heat exchanger duty-particular- 
ly the quenching of hot, particle-laden gas streams. Photographs of typical commercial trays 
are shown in Figure 1-2. 
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Flexitray valve tray Standard Flexitray valve 

Sieve tray Bubble-cap tray 

Figure 1-2. Typical commercial trays. Courtesy of: Koch Engineering Company, Inc. 

Packed Columns 

Packed columns are gaining favor for a wide range of applications because of the develop- 
ment of packings that offer superior performance, as well as the emergence of more reliable 
design techniques. The most commonly used packing elements are packed randomly in the 
column. Non-random ordered (or structured) packings were originally developed for small 
scale distillation columns to handle difficult separations. Their use has recently expanded, 
however, and ordered packings are now offered by several companies for large scale com- 
mercial applications. The current availability of performance data and rational design proce- 
dures makes the use of ordered packing worth considering for cases requiring high mass 
transfer efficiency and low pressure drop. 

Packed contactors are most frequently used with countercurrent flow of liquid and gas. 
However, in special cases they are used in a crossflow arrangement with the liquid flowing 
down through a bed of packing while the gas flows horizontally, or in cocurrent flow with 
liquid and gas flowing in the same direction. Cocurrent contactors using structured packing 
elements similar to in-line mixers are used for gas purification applications when a single 
contact stage is sufficient; for example, when an irreversible reaction occurs. They have the 
advantage of operating with much higher gas velocities than countercurrent designs without 
being subject to flooding problems. 
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As compared to tray columns, packed columns are generally preferred for small installa- 
tions, corrosive service, liquids with a tendency to foam, very high liquidgas ratios and 
applications in which a low pressure drop is desired. Their use in larger sizes appears to be 
increasing, and there is also a growing use of packing to replace trays where an improvement 
in column performance is required. 

Typical random packing elements are illustrated in Figure 1-3 and one example of an 
ordered packing is shown in Figure 1-4. 

Spray Contactors 

Spray contactors are important primarily when pressure drop is a major consideration and 
when solid particles are present in the gas, for example, atmospheric pressure exhaust gas 
streams. They are not effective for operations requiring more than one theoretical contact 
stage or a close approach to equilibrium. Since the surface area for mass transfer in a spray 
chamber is directly proportional to the liquid flow rate, it is common practice to recycle the 
absorbent to increase absorption efficiency. 

Types of equipment classified as spray contactors include countercurrent spray columns, 
venturi scrubbers, ejectors, cyclone scrubbers, and spray dryers. The use of spray dryers as 
absorbers is of particular interest in the removal of sulfur dioxide from hot flue gas (see 
Chapter 7). 

Figure 1-3. Examples of random packing elements. Courtesy of Koch Engineering 
Company, Inc, 
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Figure 1-4. Typical structured packing (Intalox). Courtesy of Norton Chemical Process 
Products Company 

Design Approach 

The design of countercurrent absorbers normally involves the following steps: (1) selec- 
tion of contactor, including type of trays or packing, based on process requirements and 
expected service conditions; (2) calculation of heat and material balances; (3) estimation of 
required column height (number of trays or height of packing) based on mass transfer analy- 
sis; (4) calculation of required column diameter and tray or packing parameters based on gas 
and liquid flow rates and hydraulic considerations; and (5) mechanical design of the hard- 
ware. The steps are not necessarily performed in the above order and may be combined or 
reiterated in the design procedure. In the design of spray contactors, steps 3 and 4 are 
replaced by design calculations that define the configuration and operating parameters of the 
liquid breakup and separation equipment. For cocurrent contactors selecting and sizing the 
mixing elements are the principal design tasks. 

The key data required for the design of absorbers are the physical, thermal, and transport 
properties of the gases and liquids involved; vaporniquid equilibrium data; and, if chemical 
reactions are involved, reaction rate data. Configuration data on the trays or packing are, of 
course, also required. Appropriate data are included, when available, for processes described 
in subsequent chapters. 

The design of absorbers (and strippers) typically involves a computer-assisted, tray-by- 
tray, heat- and material-balance calculation to determine the required number of equilibrium 
stages, which are then related to the required number of actual trays by an estimated tray 
efficiency. More recently, a non-equilibrium stage model has been developed for computer 
application which considers actual trays (or sections of packing) and performs a heat and 
material balance for each phase on each actual tray, based on mass and heat transfer rates on 
that tray. 

To facilitate the use of computers in the design of absorbers, Kessler and Wankat (1988) 
have converted a number of commonly used correlations to equation form. These include 
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O’Connell’s overall tray efficiency correlation (1946), Fair’s flooding correlation for sieve 
tray columns (1961), Hughmark and O’Connell’s correlation relating to pressure drop of gas 
through a dry tray (1957), Fair’s correlation for tray weeping (1963), and Eckert’s correlation 
for flooding in a packed tower (1970A). 

A number of commercially available software programs that include absorber design rou- 
tines are listed in the CEP 1997 Software Directoly (Chem. Eng. Prog., 1997). A packed 
tower design program for personal computers, which includes correlations for predicting the 
efficiency and capacity of high efficiency structured packings, is described by Hausch and 
Petschauer (1991). Detailed reviews of commonly used design procedures for absorption 
operations are presented in several texts and articles including those of Edwards (1984), Fair 
et al. (1984), Zenz (1979), Treybal (1980), Kohl (1987);and Diab and Maddox (1982). A 
brief summary of the principal design equations and correlations is presented in the follow- 
ing sections. 

Material and Energy Balance 

Figure 1-5 is a simplified diagram of a countercurrent absorption column containing 
either trays or packing. In order to work with constant gas and liquid flow rates over the 
length of the column, solute-free flow rates and mole ratios (rather than mole fractions) are 
used in material balance equation 1-1. 

G; Y 

Gas feed T 

Lean solvent (absorber) 
rich solvent (stripper) 

‘ I  1 

Figure 1-5. Material balance diagram 
for Countercurrent contactor. 
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Where: GM’= solute-free gas flow rate, lb-mol& ft 
LM’= solute-free liquid flow rate, lb-mole/ h ft 

X = mole ratio solute in the liquid phase 
= x/(l - x), where x =mole fraction 

Y = mole ratio solute in the gas phase 
= y/(l - y), where y = mole fraction 

Rearranging equation (1-1) gives 

which is the equation of the operating line. The line is straight on rectangular coordinate 
paper and has a slope of LM’/GM’. The coordinates of the ends of the operating line represent 
conditions at the ends of the column, i.e., X2, Yz (top) and XI, Y, (bottom). 

Absorber design correlations are not always based on solutefree flow rates and mole 
ratios. The original JSremser (1930) and Souders and Brown (1932) design equations, for 
example, are based on the lean solvent rate and the rich gas. When the solute concentrations 
in gas and liquid are low, x is approximately equal to X, and y is approximately equal to Y. 
In addition, the total molar flow mtes are approximately equal to the solute-free flow rates. 
In these cases equation 1-2 simplifies to 

which is easier to use because equilibrium data are usually given in terms of mole fractions 
rather than mole ratios. 

Although absorber designs can be effectively accomplished using analytical correlations 
and computer programs, the performance of countercurrent absorbers can best be visualized 
by the use of a simple diagram such as Figure 1-6. In this figure both the operating lines and 
equilibrium curve are plotted on X,Y coordinates. 

Typically the known parameters are the feed gas flow rate, GM’, the mole ratio of solute in 
the feed gas, Y1, the mole ratio of solute (if any) in the lean solvent, X2, and the required 
mole ratio of solute in the product gas, Y2. The goal is to estimate the required liquid 
flowrate and, ultimately, the dimensions of the column. 

Two possible operating lines have been drawn on Figure 1-6; line A represents a typical 
design, and line B represents the theoretical minium liquid flow rate. The distance between 
the operating line and the equilibrium curve represents the driving force for mass transfer at 
any point in the column. Since line B actually touches the equilibrium curve at the bottom of 
the column, it would require an infinitely tall column, and therefore represents the limiting 
condition with regard to liquid flow rate. Typically liquid flow rates (or UG ratiosF20 to 
100% higher than the minimum-are specified. 

Frequently absorption is accompanied by the release of heat, causing an increase in tem- 
perature within the column. When this occurs it is necessary to modify the equilibrium curve 
so that it corresponds to the actual conditions at each point in the column. For tray columns 
this can best be accomplished by a rigorous tray-by-tray heat and material balance such as 
one proposed by Sujata (1961). For packed columns, a computer program approach was 
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Bottom / 

y2 

I I 
x2 

Figure 1-6. Operating line-equilib- 
rium curve diagram for absorption 
column. 

developed by von Stockar and Wilke (1977) which operates by dividing the column into an 
arbitrary number of segments. These authors also developed a shortcut method that does not 
require a computer (Wilke and von Stockar, 1978). More recently, computer programs have 
been developed that calculate heat and material balances around both the gas and liquid 
phases on each actual (not theoretical) tray or each selected slice in a packed column (Vick- 
ery et al., 1992; Seader, 1989; Krisbnamurthy and Taylor, 1985A, B). 

The overall distribution of heat release between the liquid and gas streams is determined 
primarily by the ratio of the total heat capacities of the two streams, L&JGMC,, where LM 
is the flow rate of the liquid, GM is the flow rate of the gas, C, is the heat capacity of the liq- 
uid, and is the heat capacity of the gas. When the ratio is high (over about 2), the liquid 
carries the heat of reaction down the column, the product gas leaves at approximately the 
temperature of the liquid feed, and the product liquid leaves at an elevated temperature deter- 
mined by an overall heat balance. Typically the feed gas cools the outgoing liquid somewhat, 
resulting in a temperature bulge within the column. When the ratio is low (below about OS), 
the product gas carries essentially all of the heat of reaction out of the column. For ratios 
close to 1.0, the reaction heat is distributed between the liquid and gas products, both of 
which may leave at a temperature well above that of the incoming streams. 

Column Height 

Packed Columns 

The concept of absorption coefficient, which is the most convenient approach for packed 
column design, is based upon a twc-film theory originally proposed by Whitman (1923). It is 
assumed that the gas and liquid are in equilibrium at the interface and that thin films separate 
the interface from the main bodies of the two phases. Two absorption coefficients are then 
defined as kL, the quantity of material transferred through the liquid film per unit time, per 
unit area, per unit of driving force in terms of liquid concentration; and k, the quantity 
transferred through the gas film per unit time, per unit m a ,  per unit of driving force in terms 
of pressure. Since the quantity of material transferred from the body of the gas to the inter- 
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face must equal the quantity transferred from the interface to the body of the liquid, the fol- 
lowing relationship holds: 

Where: NA = quantity of component A transferred per unit time, per unit area 
p = partial pressure of A in main body of gas 
pi = partial pressure of A in gas at interface 
c = concentration of A in main body of liquid 
q = concentration of A in liquid at interface 

Any consistent set of units may be used, however, it is convenient to express p in atmos- 
pheres and c in pound moles per cubic foot, in which case k~ is expressed as lb moles/(br)(sq 
ft)(atm) and kL as lb moles/(hr)(sq ft)(lb moledcu ft). 

and kL as well as the 
equilibrium relationship and the interfacial area per unit volume of absorber. Although these 
factors can be estimated for special design cases, it is more practical to use overall coeffi- 
cients which are based on the total driving force from the main body of the gas to the main 
body of the liquid and which relate directly to the contactor volume rather than to the interfa- 
cial area. These overall coefficients, & and KLa, are defined as follows: 

The use of equation 1-4 for design requires a knowledge of both 

NAa dV = &a@ - p,) dV = KLa(ce - c) dV 

Where: a = interfacial area per unit volume of absorber 
pe = partial pressure of A in equilibrium with a solution having the composition of 

c, = concentration of A in a solution in equilibrium with main body of gas 
V = volume of packing 

main body of liquid 

The overall coefficients are related to the individual film coefficients as follows: 
1 H  +- 

KGa kGa kLa 
1 -=- 

1 +- 
KLa kLa HkGa 

1 1  -- -- 

where H is Henry’s law constant, pi/ci, or, in cases where Henry’s law does not hold, @, - pd/ 

The use of overall coefficients is strictly valid only where the equilibrium line is straight 
over the operating region. However, because of their convenience, they are widely used for 
reporting test data, particularly on commercial equipment, and are therefore very useful for 
design. 
In order to apply absorption coefficient data to the design of commercial columns, it is 

necessary to consider the changes in liquid and gas compositions that occur over the length 
of the column. This involves equating the quantity of material transferred (as indicated by 
gas- or liquid-composition change) to the quantity indicated to be transferred on the basis of 

(Ci - Ce). 
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the absorption coefficient and driving forces and then integrating this equation over the 
length of the column. For the individual film coefficients, this results in the following 
expression for column height (Sherwood and Pigford, 1952): 

(1-8) 
h = G h j p '  PBM dP =-Ic1 L dc 

p2 kba(P - -pel pL c2 kLa(ce - c) 

Where: h = height of packed wne, ft  
G'M = superficial molar mass velocity of inert gas, lb moles/(hr)(sq ft) 

p, = partial pressure of solute in entering gas, atm 
p2 = partial pressure of solute in leaving gas, atm 
P = total pressure of system, atm 
p = partial pressure of solute in main gas stream, atm 

pe = partial pressure of solute in equilibrium with main body of solution, atm 
PBM = log mean of inert gas pressures 
VG = (peM/p) = special mass-transfer coefficient which is independent of gas 

composition, lb moles/(br)(sq ft)(atm) 
L = liquid flow rate, lb/(hr)(sq ft) 

pL = liquid density, lb/cu ft  (assumed constant) 
c1 = solute concentration in liquid leaving bottom of column, lb moleslcu ft  
c2 = solute concentration in liquid fed to top of column, lb moledcu f t  
c = solute concentration in main body of liquid, lb moleslcu ft  

c, = concentration of solute in liquid phase in equilibrium with main body of 
gas, lb molesku ft  

The equations may be integrated graphically by a method developed by Walker et. a1 
(1937) that is also described by Sherwood and Pigford (1952). Simplified forms of these 
equations have been developed which are much more readily used and which are sufficiently 
accurate for most engineering-design calculations. Two of these forms are particularly adapt- 
ed to the low gas and liquid concentrations that are frequently encountered in gas purifica- 
tion. These equations assume that the following conditions hold 

1. The equilibrium curve is linear over the range of concentrations encountered (and there- 

2. The partial pressure of the inert gas is essentially constant over the length of the column. 
3. The solute contents of gaseous and liquid phases are sufficiently low that the partial pres- 

sure and liquid concentration values may be assumed proportional to the corresponding 
values when expressed in terms of moles of solute per mole of inert gas (or of solvent). 

fore overall coefficients can be used). 

In terms of the overall gas coefficient and gas-phase compositions, the tower height can be 
estimated by equation 1-9: 

or, where the overall liquid absorption coefficient is available, the column height may be cal- 
culated in t e n n s  of liquid-phase compositions: 
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In equations 1-9 and 1-10, y and x refer to the mole fractions of solute in the gas and liq- 
uid streams, respectively, and LM and pM represent the molar values of liquid flow rate and 
density, Le., lb moles/(hr)(sq ft) and lb moledcu ft. The subscript 1 refers to the bottom of 
the column, subscript 2 to the top of the column, and subscript e to the equilibrium composi- 
tion with respect to the main body of the other phase. The other symbols have the same sig- 
nificance as in the previous equations. h general, it is preferable to employ the overall gas- 
film coefficient when the gas-film resistance is predominant, and the overall liquid 
coefficient when the principal resistance to absorption is in the liquid phase. 

Equations 1-9 and 1-10 may be solved by relatively simple graphical integration. Howev- 
er, a further simplification, which can fiequently be employed, is the use of a logarithmic 
mean driving force in the rate equation rather than graphical integration. This can be shown 
to be theoretically correct where the equilibrium curve and operating line are. linear over the 
composition range of the column. The equations then reduce to 

(1-11) 

or 

where (y - y h  and (x, - x h ~  are. equal to the logarithmic mean of the driving forces at the 
top and bottom of the column. Although not t h m t i c d y  correct, the logarithmic mean driving 
force is often used to correlate values for systems where the equilibrium curve is not a 
straight line and even for cases of absorption with chemical reaction. This greatly simplifies 
data reduction but can lead to Serious errors. In general, the procedure is useful for comparing 
similar systems within narrow ranges of liquid composition and gas partial pressure. 

A considerable amount of data on absorption-column performance is presented in terms of 
the “height of the transfer unit” (HTU), and design procedures based on this concept are pre- 
ferred by many because of their simplicity and similarity to plate-column calculation meth- 
ods. The basic concept which was originally introduced by Chilton and Colburn (1935) is 
that the calculation of column height invariably requires the integration of a relationship 
such as (from equation 1-9) 

The dimensionless value obtained from the integration is a measure of the difficulty of the 
gas-absorption operation. In the above case, it is called the number of transfer units based on 
an overall gas driving force, NOG, and equation 1-9 can be reduced to 

(1-13) 
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The HTU for this case (based on an overall gas-phase driving force) is then defined as 

(1-14) 

Since NOG is dimensionless, will have the same units as h. Similarly, for the overall 
liquid case: 

(1-15) 

As in the calculation of column height from &a or KLa data, it is theoretically correct to 
use a logarithmic mean driving force when both the equilibrium and operating lines are 
straight. For this case, the number of transfer units (overall gas) may be calculated from the 
simple expression: 

Y1 -Y2 

(Y - Y ~ ) L M  
N m  = (1-16) 

This equation may be combined with the equilibrium relation: 

Ye = mx 

and the material-balance expression: 

to eliminate the need for values of ye. The resulting equation which was proposed by Col- 
burn (1939) is given below: 

(1-17) 

Where: NOG = number of overall transfer units 
m = slope of equilibrium curve dy&dx 
x, = mole fraction solute in liquid fed to top of column 
y1 = mole fraction solute in gas fed to bottom of column 
y2 = mole fraction in gas leaving top of column 

GM = superficial molar mass velocity of gas stream, lb moles/(hr)(sq ft) 
LM = superficial molar mass velocity of liquid stream, lb moles/(hr)(sq ft) 

It will be noted that the parameter mGM/LM appears several times in equation 1-17. 
This parameter is called the stripping factor, S, and its reciprocal, LM/m&, is called the 

absorption factor, A. The absorption factor is used in a number of popular techniques for the 
design of both packed and tray absorbers. It can be considered to be the ratio of LM/GM. the 
slope of the operating line, to m, the slope of the equilibrium line. Plots of equation 1-17, 
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which can be used for estimating the required number of transfer units, are given in several 
publications (e.g., Treybal, 1980; Perry and Green, 1984). 

Alternative equations and graphical techniques have been developed to calculate NoG for 
other design conditions (Colbum, 1941; White, 1940). A summary of useful design equa- 
tions for transfer-unit calculations is presented by Sherwood et al. (1975). 

The HTU concept can also be employed for analysis of the contributions of the individual 
film resistances although, in general, the individual absorption coefficients are preferred for 
basic studies. Values of NOG are particularly useful for expressing the performance of equip 
ment in which the volume is not of fundamental importance. In spray chambers, for example 
(see Chapter 6), the effectiveness of the equipment is more a function of liquid flowmte and 
spray nozzle pressure than of tower volume. The use of volume-based absorption coeffi- 
cients for such units is quite meaningless. 
An approach frequently used by vendors to describe the mass transfer efficiency of pack- 

ing is the “height equivalent to a theoretical plate” (HETP) which is defined as follows: 

HETP = Height of packed zone/Number of theoretical plates achieved in packed zone 

In this approach the number of theoretical plates required is estimated as described in the 
next section for tray columns, and this number is simply multiplied by the HETP value given 
for the packing employed to obtain the required packing height. The HETP concept is not 
theoretically correct for packed columns, in which contact is accomplished by differential 
rather than stagewise action; however, it is very easy to use for column design. For the spe 
cial case of parallel equilibrium and operating lines (Le., m G d M  = l), HETP and HTU are 
eqUal. 

The calculation of packed column height by these techniques requires a knowledge of the 
overall absorption coefficient (e.g., h a ) ,  the height of a transfer unit (e.g., HOG), or the 
height equivalent to a theoretical plate (HETP) and estimation of these values is usually the 
most difficult column design task. Although some success has been achieved in predicting 
packed-column, mass-transfer coefficients from a purely theoretical basis (e.g., Vivian and 
King, 1963), the use of empirical correlations and experimental data represents the usual 
design practice. Test or operating data relating to absorption coefficients are therefore given 
whenever feasible for processes described in subsequent chapters. Examples of &a values 
for a number of gas absorption operations are presented in Table 1-5. Data for a variety of 
packings operating under similar conditions are given in Table 1-6. The values given in this 
table are calculated for the absorption of carbon dioxide in dilute sodium hydroxide solution 
by assuming zero equilibrium vapor pressure of carbon dioxide over the solution and using a 
log-mean partial pressure over the length of the column. 

Generalized correlations for estimating the individual mass transfer coefficients have been 
proposed by Onda et al. (1968), Bolles and Fair (1982), and Bravo and Fair (1982). These 
correlations cover commonly used packings such as Raschig rings, Berl saddles, Pall rings, 
and related configurations. Correlations for structured packings have been developed by 
Bravo et al. (1985) for Sultzer BX (gauze) packing, and by Spiegel and Meier (1987) for 
Mellapak (sheet metal) packing. Fair and Bravo (1990) suggest that the Bravo et al. (1985) 
correlation can be used for sheet metal as well as gauze packing by using a ratio of interface 
aredpacking area of less than 1.0, and they provide a simple method of estimating the ratio. 

A computer model that makes use of correlations, such as those referred to above for the 
individual mass transfer coefficients, to predict the actual performance of small sections of 
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Table 1-5 
Typical &a Values for Various AbsorbatdAbsorbent Systems 

Absorbate 

co2 
HZS 
so2 
HCN 
HCHO 
ClZ 
Br2 
c102 
HC1 
HBr 
HF 
N H 3  
0 2  

Notes: 

KGa. lb moles/@r) (ft3) (atm) 
bsorbent 

A 

2.96 
5.92 
5.92 
4.55 

4.4 
18.66 
5.92 
7.96 

17.30 

Water 
B 

2.2 
4.4 
4.4 
3.4 

4.4 
14.0 

6.0 

C 

0.07 
0.4 
0.32 

0.14 

16.0 

13.0 
0.007 

Aqueo 
Solution 

4% NaOH 
4% NaOH 

11% Na2C03 

8% NaOH 
5% NaOH 

Dilute acid 

Solutio1 
A 

2.0 
5.92 

11.83 

14.33 
5.01 

13.0 

B 

1.5 
4.4 
8.93 

10.8 
3.7 

13.0 

A = data for #2plastic Super fntaloxpacking, gas velocity 3.5jU.s, liquid rate IOgpdsqff. 

B = data for #2plastic Super Intalax packing, gas velocity 3.5jU.s. liquid rate 4 g p d s q j .  (Sirigle, 

C = data for 1.5 in Intalox Saddles, conditions not stated. fickert et al.. 1967) 

(ASHRAE Handbook 1988) 

1994) 

packing in a column has been proposed by Krishnamurthy and Taylor (1985B). The 
approach is based on one they originally proposed for tray columns (1985A) and does not 
involve the concepts of HTU or HEW, in fact, the attainment of equilibrium is assumed to 
occur only at the gadliquid interface and not in the products of a theoretical stage. In this 
rate-based model, separate material balances are made for gas and liquid phases in each 
packing section; these are coupled by interface mass transfer rates which must be equal in 
each phase at the interface. 

Tny Columns 
A commonly used design concept for tray columns is the “theoretical tray.” This concept 

is based on the assumption that, with a theoretically perfect contact tray, the gas and liquid 
leaving will be in equilibrium. Although this assumption does not exactly represent the 
operation of any actual tray (where much of the gas will not even come in contact with the 
leaving liquid), it greatly simplifies the design procedure, and the departure of actual trays 
from this ideal situation can be conveniently accounted for by an expression known as “tray 
efficiency.” 
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Table 1-6 
Typical k a  Values for Various Packings 

Packing 

#25 IMTP 
#50 I M P  
#70 IMTP 
1-in. Pall Rings 
2-in. Pall Rings 
3.5-in. Pall Rings 
#1 Hy-Pac Packing 
#2 Hy-Pac Packing 
#3 Hy-Pac Packing 
#1 Super Intalox Packing 
#2 Super Intalox Packing 
#3 Super Intalox Packing 
1-in. Intalox Saddles 
2-in. Intalox Saddles 
3-in. Intalox Saddles 
I-in. Raschig Rings 
2-in. Raschig Rings 
3-in. Raschig Rings 
Intalox Snowflake Packing 
Structured Packings 

Intalox 1T 
Intalox 2T 
Intalox 3T 

KGa, lb moles/(hr) (fa) (atm) 

metal 

3.42 
2.44 
1.74 
3.10 
2.18 
1.28 
2.89 
2.06 
1.45 

4.52 
3.80 
2.76 

Packing Material 
plastic 

2.64 
2.09 
1.23 

2.80 
1.92 
1.23 

2.37 

ceramic 

2.82 
1.88 
1.11 
2.3 1 
1.63 
1.02 

Notes: 1. Conditions: inlet ga5-3.5fls. I mol% C02 in air; feed liquid-IO gpdJ2. I NNaOH, 
75OF; NaOH conversion less than 25%. 

Company. 
Source: Sirigle (1987, 1994) 

2. IMTP3 Hy-Pac. Super Intalox, Intalox, and Intalar Snowflake are tradenarks of the Norton 

The number of theoretical trays required for absorption can be determined simply by step- 
ping off trays on a diagram similar to Figure 1-6. An example of this procedure is shown in 
Figure 11-32 for water absorption in triethylene glycol (TEG). In this case the coordinates 
are lb wakr/MMscf for the gas phase and lb waterflb TEG for the liquid phase. A modifica- 
tion of this technique has been proposed by Rousseau and Staton (1988) for strippers and 
absorbers employing chemical solvents. The key features are the use of yA/(l - yA) as the 
ordinate and fA as the abscissa where 
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A = solute 
yA = mole fraction of A in the gas phase 
fA = fractional saturation of the reactive component of the solution with A 

With this coordinate system the operating line is straight. The equilibrium curve may be 
based on actual data for the specific system at column operating conditions or may be 
approximated on the basis of related data. Rousseau and Staton outline steps for estimating 
equilibrium curves based on the Henry’s law constant for unreacted component A in the liq- 
uid and the equilibrium constant for the chemical reaction of A with the reactive component. 

The graphical procedure is very useful for preliminary studies to establish the minimum 
flow rates for absorption and stripping options, and for estimating the number of ideal 
stages (theoretical trays) required once design flow rates have been set. The number of ideal 
stages can be converted to actual trays by applying an appropriate tray efficiency. 

Analytical procedures that closely resemble those employed for calculating the number of 
transfer units have also been developed for tray columns. A particularly useful equation sug- 
gested by Colbum (1939) for the case of low solute concentration and a straight equilibrium 
line is 

(1-18) 

where Np = number of theoretical plates and the other symbols have the same meaning as in 
equation 1-17 

As noted in the preceding section, the parameter mGM/LM represents the ratio of the slope 
of the equilibrium curve to the slope of the operating line and is called the stripping factor, S. 
This factor and its reciprocal, the absorption factor, A, normally vary somewhat over the 
length of the column due to changes in all three variables. Kremser (1930) proposed defining 
A in terms of the lean solution and feed gas flow rates as follows: 

The fractional absorption of any component, C, by an absorber of N theoretical plates is 
given by the following equation, often referred to as the Kremser (or Kremser-Brown) 
equation: 

Where: yN + = mole fraction C in the inlet gas 
y1 = mole fraction C in outlet gas 
yo = mole fraction C in equilibrium with lean solution 

LMO = lean solution flow rate, moles/hr 
GM(N + = feed gas rate, moles/hr 

N = number of theoretical plates in the absorber 
m = K = y/x at equilibrium (assumed constant over the length of the 

column) 

(1-20) 



The k m s e r  equation is useful in the preliminary design of plate columns for physical 
absorption processes, such as the dehydration of natural gas with glycol solutions (see Chap- 
ter 11) and the absorption of C02 and H2S in nonreactive solvents (see Chapter 14). 

As mentioned previously, the number of actual plates in an absorber is related to the num- 
ber of theoretical plates by a factor known as the “plate efficiency.” In its simplest definition, 
the “overall plate efficiency” is defined as “the ratio of theoretical to actual plates required 
for a given separation.” For individual plates, the Murphree vapor efficiency (Murphree, 
1935) more closely relates actual performance to the theoretical-plate standard. It is defined 
by the following equation: 

Yp  - Yp+l 

Ype - Yp+l 
E,, = (1-21) 

Where: yp = average mole fraction of solute in gas leaving plate 

yp = mole fraction of solute in gas in equilibrium with liquid leaving plate 
yp+ = average mole fraction of solute in gas entering plate (leaving plate below) 

Murphree plate efficiency values can be used to correct the individual steps in graphical 
analyses of the number of plates requid. The overall efficiency, on the other hand, can only 
be used after the total number of theo~tical plates has been calculated by a graphical or ana- 
lytical technique. When operating and equilibrium lines are nearly parallel, the two efficien- 
cies can be considered to be equivalent. Under other conditions they may vary widely. 

A third version of the plate efficiency concept is the Murphree Point Efficiency, which 
can be defined as the Murphree efficiency at a single point on a tray. The point efficiency is 
the most difficult to use but is the most useful in theoretical analysis of tray performance. 
The Murphree vapor tray efficiency and point efficiencies on the tray are related primarily 
by the degree of mixing that occurs on the tray. The two are equal if mixing is complete; 
while the tray efficiency can be appreciably higher than the point efficiency if no mixing 
occurs. Actual trays fall between the two extremes. 

A computer model relating point and tray efficiencies is described by Biddulph (1977). In 
this model the calculations for a tray are started at the outlet weir, where the liquid composi- 
tion is known, and move progressively through thin slices of the liquid against the liquid 
flow to the inlet weir. At each increment, the liquid composition and temperature, and the 
gas composition above the point are calculated, based on an assumed point efficiency for 
each component and the gas composition below the tray at that point. An eddy diffusion 
model is used to define mixing in a comparison of the computer simulation with actual com- 
mercial plant data from a distillation column. 

For simple physical absorption, the principal factors affecting tray efficiencies are gas sol- 
ubility and liquid viscosity, and a correlation based on these two variables has been devel- 
oped by O’Connell(194.6). His correlation for absorbers is reproduced in Figure 1-7. Unfor- 
tunately, other factors such as the absorption mechanism, liquid depth, gas velocity, tray 
design, and degree of liquid mixing also influence tray efficiency, so no simple correlation 
can adequately cover all cases. A more detailed study of bubble tray efficiency has been 
made by the Distillation Subcommittee of the American Institute of Chemical Engineers 
(1958). The Bubble Tray Design Manual resulting from this work provides a standardized 
procedure for estimating efficiency which takes the following into account: 
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Figure 1-7. Correlation of overall plate efficiencies for commercial and laboratory 
absorbers; H = Henry’s law constant in atm/(lb mole/cu ft)’ P = total pressure in 
atmospheres, and p = liquid viscosity in centipoises. From O%onne// (194s) 

1. The rate of mass transfer in the gas phase 
2. The rate of mass transfer in the liquid phase 
3. The degree of liquid mixing on the tray 
4. The magnitude of liquid entrainment between trays 

Properly designed sieve trays are generally somewhat more efficient than bubble-cap 
trays. A simplified approach for predicting the efficiency of sieve trays is given by Zuider- 
weg (1982) who presents a series of correlations defining their overall performance. The 
Zuiderweg study relies heavily on data released by Fractionation Research, Inc. (€XI) on the 
performance of two types of sieve trays (Yanagi and Sakata, 1981). 

More recent studies aimed at developing models for predicting stage efficiencies include 
those of Chen and Fair (1984), Tomcej and Otto (1986), and Tomcej et al. (1987). The 
objective of the Tomcej et al. study is to provide a technique for designing trays for selective 
absorption. Specifically, the absorption of H2S and C02 in amines is considered. The H2S 
has a much higher tray efficiency because its rate of reaction in the liquid phase is faster. The 
approach makes use of a nonequilibnum stage model in which a parametric analysis is used 
to estimate tray efficiencies for the individual components. The calculated efficiencies are 
found to be strong functions of kinetic rate parameters and operating variables such as the 
gas velocity and the interfacial area and dispersion height generated on the tray. In one 
example, with 30% DEA solution operating at a pressure of 260 kPa, the C02 tray efficiency 
ranges from 7.5-9.1%, while the H2S tray efficiency is relatively constant at about 42%. 
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The preceding discussion is based on using the concepts of “thmretical trays” and “tray 
efficiencies” to estimate the total number of actual trays required for a given absorption task. 
An alternative approach is to consider the mass transfer rate on each actual tray by modeling 
material and energy transfer through the interface between gas and liquid on the tray. Seader 
(1989) presents an historical perspective and generalized description of the rate-based 
approach for modeling staged separations and suggests that “the advantages of this approach 
can usher in a new era for modeling.” 

A detailed description of the “Mass Transfer Rate” model is given by Krishnamurthy and 
Taylor (1985A) who list the equations describing the model as follows: 

1. Material balance equations 
2. Energy balance equations 
3. Rate equations 
4. Equilibrium relations 

Since the mass transfer occurring on an actual tray depends on the tray design, the model 
uses detailed information about column and tray configurations, as well as fluid composi- 
tions, flow rates, diffusivities, and physical properties. Mass and energy balances are per- 
formed around each phase on every actual tray. Krishnamurthy and Taylor (1985B) also pro- 
pose a rate-based model for simulation and design of packed distillation and absorption 
columns. The packed tower model is based on simply dividing the packing zone into a num- 
ber of sections (e.g., 10 for a typical absorber) around which the mass and energy balances 
are performed. 

The rates of mass and energy transfer between phases are calculated based on gas and liq- 
uid film coefficients and concentration and temperature driving forces. Both thermal and 
chemical equilibria are assumed to exist only at the gas-liquid interface. The liquid film mass 
transfer coefficient is adjusted, if necessary, for chemical reactions occurring in the liquid 
phase by use of an enhancement factor (as defined in the next section). An absorption col- 
umn simulator, which uses the rate-based approach, is described by Sardar et al. (1985). 
They demonstrate its predictive capabilities against operating data from a number of com- 
mercial plants employing various amines to remove H2S and C02 in both tray and packed 
towers. The use of the ratebased design method to evaluate the performance of two amine 
plants is described by Vickery et al. (1992). 

Effect of Chemical Reactions 

A chemical reaction of the solute with a component in the liquid phase has the effect of 
increasing the liquid-film absorption coefficient over what would be observed with simple 
physical absorption. This results in an increase in the overall absorption coefficient in packed 
towers or an increase in tray efficiency in tray towers. 

With very slow reactions (such as between carbon dioxide and water) the dissolved mole 
cules migrate well into the body of the liquid before reaction occurs so that the overall 
absorption rate is not appreciably increased by the Occurrence of the chemical reaction. In 
this case, the liquid film resistance is the controlling factor, the liquid at the interface can be 
assumed to be in equilibrium with the gas, and the rate of mass transfer is governed by the 
molecular C02 concentration-gradient between the interface and the body of the liquid. At 
the other extreme are very rapid reactions (such as those of ammonia with strong acids) 
where the dissolved molecules migrate only a very short distance before reaction occurs. The 
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location of the reaction zone (and the value of the absorption coefficient) will depend pri- 
marily upon the diffusion rate of reactants and reaction products to and from the reaction 
zone, the concentration of solute at the interface, and the concentration of the reactant in the 
body of the liquid. However, since the distance that the solute must diffuse into the liquid is 
extremely small compared to the distance that it would have to travel for simple physical 
absorption, a high liquid-film coefficient is observed, and, in many cases, the gas-film resis- 
tance becomes the controlling factor. 

Since the effect of chemical reaction is to increase the liquid film coefficient, k, over the 
value it would have in the absence of chemical reaction, kL a common approach is to utilize 
the ratio, kLkL in correlations. This ratio is called the enhancement factor. Both kL and k: 
are affected by the fluid mechanics, but fortunately their ratio, E, has been found to be rela- 
tively independent of these factors. It is primarily a function of concentrations, reaction rates, 
and diffusivities in the liquid phase. 

The theoretical evaluation of absorption followed by liquid-phase chemical reaction has 
received a great deal of attention although the results are not yet routinely useful for design 
purposes. Early studies of serveral reaction types were made by Hatta (1929, 1932) and Van 
Krevelen and Hoftijzer (1948). This work has been expanded by more recent investigators to 
cover reversible and irreversible reactions, various reaction orders, and reaction rates from 
very slow to instantanmus. Important contributions have been made by Perry and pigford 
(1953), Brian et al. (1961), Gilliland et al. (1958), Brian (1964), Danckwerts and Gillham 
(1966), Decoursey (1974), Matheron and Sandal1 (1978), and Olander (1960). The applica- 
tion of the theory to specific gas purification cases has been described by Joshi et al. (1981) 
(absorption of C02 in hot potassium carbonate solution), and by Ouwerkerk (1978) (selec- 
tive absorption of HIS in the presence of C02 into amine solutions). 

Stripping in the presence of chemical reaction has been considered by Astarita and Savage 
(1980), Savage et al. (1980), and Weiland et al. (1982). In general, it is concluded that the 
same mathematical procedures may be used for stripping as for absorption; however, the 
results may be quite different because of the different ranges of parameters involved. It is 
always necessary to consider reaction reversibility in the calculation of stripping with chemi- 
cal reaction. 

It is beyond the scope of this intductory discussion to present even a listing of the numer- 
ous mathematical equations developed to correlate the effects of chemical reactions on mass 
transfer. Detailed equations and examples of their application are presented in comprehensive 
books on the subject by Asta~ita (1967), Danckwerts (1970), and Astarita et al. (1983). 

Column Diameter 

Packed Columns 

The diameter of packed columns filled with randomly dumped packings is usually estab- 
lished on the basis of flooding correlations such as those developed by Sherwood et al. (1938), 
Elgin and Weiss (1939), Lobo et al. (1945), Ekkert (197OA, 1975), Kister and Gill (1991), 
Robbins (1991), and Leva (1992). According to Fair (1990), the currently used correlation for 
packed tower pressure drop prediction--commonly called the Generalized Pressure Drop Cor- 
relation (GPDCjshould be attributed to Leva (1954). Other investigators have developed 
minor improvements. A generalized carelation for estimating pressure drop in structured pack- 
ings is presented by Bravo et al. (1986). The Eckert (1975) version, which is the basis for the 
approach given by Strigle (19%), is widely used and is therefore included here. 
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The Ekert correlation is shown in Figure 1-8. The Y axis is called the Flow Capacity 
Factor and the X axis the Relative Flow Capacity. The flow capacity factor includes a pack- 
ing factor, F, which is a characteristic of the packing configuration. Leva (1992) provides a 
simple procedure for calculating packing factor values for any non-imgated, randomly 
dumped packing for which non-inigated pressure drop data are available. However, for most 
packings acceptable packing factor values are available from the vendor or the open litera- 
ture. Typical values are listed in Table 1-7. 

It is normally considered good practice to design for a gas rate that gives a pressure drop 
of less than about 0.4 inches of water per foot of packing. At high UG ratios (over about 20), 
which are encountered in many gas purification absorbers, the pressure drop may exceed the 
above value but the gas rate should not exceed 85% of the rate that results in a pressure drop 
of 1.5 inches of water per foot of packing as p r e d i d  from Figure 1-8. Systems that tend to 
foam should be operated to give a low pressure drop (e.g., 0.25 in./ft) and vacuum systems 
may require an even lower pressure drop to minimize overall column pressure drop. 

Maximum liquid flow rates recommended by Strigle (1987, 1994) for typical packing 
sizes and low viscosity liquids are as follows: 

Tny Columns 

Most tray column design procedures are based on limiting the gas velocity through the 
available column cross section (AJ to a value that will not cause flooding or excessive 

+[%-I" F Packingfactor 
G Gas~~rsYe lOCi ( lbAtZ.h)  
G* Gas mass velocHy (lblff2.s) 
L Liquld mass velocHy (iWt2 oh) 
v Kinematic llquid visccslty (cst) 

4 Uquiddensity(Ib/@) 
po --Sitymm 

Figure 1-8. Generalized pressure drop correlation for packed towers. From W g / e  (1994) 
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Packing Sue, in. Maximum Liquid Loading, gpdft2 

% 25 
1 40 

1% 55 
2 60 

3% 125 

Table 1-7 
Value of the Packing Factor, F, for Packed Tower Pressure Drop Correlation 

Nominal Packing Si, in. 
Packing Material % % % W % 1 1% 1% 2 3 3% 

Super Intalox Saddles 
Super Intalox Saddles 
Intalox Saddles 
Intalox Saddles 
Raschig Rings 
Raschig Rings, !& in. 
Raschig Rings, K in. 
Berl Saddles 
Pail Rings 
Pall Rings 
Tellerettes 

IMTF' Packing 
Intalox Snowflake 
Hy-Pak Packing 
Jaeger Tri-Packs 
Jaeger VSP 

b P a c  

C 
P 
C 
P 
C 
M 
M 
C 
P 
M 
P 
P 
M 
P 
M 
P 
M 

60 
40 

725 330 200 145 92 
33 

1600 10oO 580 380 255 179 
700 390 300 170 155 115 

410 300 220 144 
900 240 170 110 

95 55 
81 56 

35 
32 

51 41 

43 
28 
32 

Diameter 3.7 in., height 1.2 in., F = 13 

30 
28 18 

52 40 22 
21 16 

125 93 65 37 
65 45 

110 83 57 32 
65 45 
40 26 17 
40 27 18 

24 17 
21 

24 18 12 12 

26 18 15 
16 
21 12 

Nom: C = Ceramic, P = Plastic. M = MetaL Data compiledfrom Suigle (1994). Ecken (1970A), Norton Company 
(1990). Jaeger Products, Inc. (1990). and ASHRAE Handbook (1988) 

entrainment. The exact column diameter, tray spacing, and design of column intemals are 
then established on the basis of the liquid and gas properties, flow rates, and special system 
requirements. The vap-velocity limitation is usually established from a correlation of the 
general form: 

(1-22) 

Where: U = allowable superficial vapor velocity, ft/sec 
pL = liquid density, lb/cu ft 
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PG = gas density, lb/cu ft 
K, = empirical constant 

This equation was originally proposed by Souders and Brown (1934), on the basis of an 
analysis of the frictional upward drag of the moving gas stream upon suspended liquid droplets. 
A number of other factors such as plate design and spacing have been found to af€ect en& 
ment; however, equation 1-22 is still widely used as an empirical expression by adjusting to 
the tray conditions. Typical values of & based on a correlation proposed by Fair (1963, 1987) 
are given in Table 1-8. The Flow Parameter, F,, is d e f d  by the following equation: 

Where: L = liquid flow rate, lb/sec 
G = gas flow rate, lb/sec 

(1-23) 

Table 1-8 
Typical Design Values of for Sieve, Bubble-Cap, and Valve Plates 

Kv - When Flow Parameter, Fv is: 

Plate Spacing, in. 0.01 0.1 1.0 

6 0.15 0.14 0.065 
9 0.18 0.17 0.070 
12 0.22 0.20 0.079 
18 0.30 0.25 0.095 
24 0.39 0.33 0.13 
36 0.50 0.42 0.15 

Based on correlation ofFair (1963.1987) 

The values given are for a liquid with a surface tension, 0, of 20 dynes/cm. The calculated 
gas velocity, U, may be corrected for other surface tension values by multiplying by the cor- 
rection factor (O/~O)O.~ .  The correlation provides a means for estimating the maximum d o w -  
able gas velocity for all types of plate columns subject to the following restrictions: 

1. The system is low or nonfoaming. 
2. Weir height is less than 15% of the tray spacing. 
3. Sieve plate perforations are %-in. or less in diameter. 
4. The ratio of bubblecap slot, sieve tray hole, or valve tray full opening area, 4, to the 

active tray area, A,, is 0.1 or greater. 

The key column areas involved in the correlation are 
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A, = Active area, the area on the tray actively involved in gadliquid contact, typically the 
column cross section less two downcomers, sq. ft 

Ah = Total slot, perforated, or open valve area on plate, sq. ft  
A, = Net area for vapor flow, typically the column cross section less one downcomer 

(used for calculating U), sq. ft 

Fair (1987) points out that when the ratio of &/A, is smaller than 0.1, jetting occurs 
because of the high velocity of gas through the tray openings. Fair suggests that the calculat- 
ed allowable velocity be corrected as follows: 

WAa u f l  
0.10 1 .oo 
0.08 0.90 
0.06 0.80 

where U is the allowable velocity as calculated by the above equations, and U, is the c o m t -  
ed allowable velocity. 

A more accurate (and somewhat more complicated) correlation for predicting entrainment 
flooding on sieve and valve trays is proposed by Kister and Haas (1990). Their correlation is 
also derived from the original work of Souders and Brown, but provides a modified 
approach for determining K,. They introduce, as an important parameter in the correlation, 
the clear liquid height at the froth-to-spray-regime transition, and suggest that it be calculat- 
ed by an equation attributed to Jeronimo and Sawistowski 0973). 

General Design Considerations 

Packed Columns 

practical guidelines for random-packed tower design are given by Coker (1991) as follows: 

1. The ratio of the diameter of the column to the packing should be at least 15: 1. 
2. Because of deformability, plastic packing is limited to an unsupported height of 10-15 

3. Liquid redistributors are required every 5-10 tower diameters for rings, and at least every 

4. The number of liquid streams provided by the feed distributor should be 3-5 per square 

feet, and metal to 2&25 feet. 

20 feet for all types of dumped packing. 

foot in towers larger than 3 feet in diameter. 

Efficient liquid and gas distribution is a key requirement for high performance packed 
columns. The packed bed will normally cause the liquid flow to spread throughout the col- 
umn as it flows downward, however, this results in a loss of effective column height. 

A detailed study of liquid and gas distribution in commercial packed columns is described 
by Moore and Rukovena (1986). They conclude that the importance of high performance 
distributors increases as the stage count per bed increases. Liquid and gas flow rates as well 
as packing type or size have little or no effect. Practical guidelines for selecting, designing, 
and installing packed column distributors are given by Bonilla (1993). 
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Perry et al. (1990) defme the following three basic measures of liquid distribution quality: 

1. Distribution density (number of liquid streams) 
2. Geometric uniformity of distribution points 
3. Uniformity of liquid flow in the individual streams 

On the basis of available test data they constructed a decision tree to aid in the selection of 
the distributor type for various column services and operating conditions. The resulting 
guide indicates that trough-type distributors are generally preferred (over orificepan, multi- 
pan 2-stage, or spray) for typical absorbers and strippers. The multi-pan 2-stage (MTS) dis- 
tributor is a high-perFormance system designed for low liquid rate conditions (less than about 
5 gpm per square foot). The development and application of the MTS distributor is described 
by Killat and Perry (1991). 

For structured packing, Shah (1991) ranks liquid distribution at the top of the list of poten- 
tial trouble spots. He points out that orifice distributors are more generally used for relatively 
small columns and are not recommended for fouling service or for liquid containing solids. 
Notched-trough distributors are particularly well suited for fouling service and are also used 
for large diameter columns, but are extremely sensitive to levelness. Generally, 4 to 7 distri- 
bution points are used per square foot (45-75/sq. m) of tower cross sectional area. Details of 
the design of packed tower intemals are given by Chen (1984). Excellent standardized dis- 
tributors for liquid feeding, and packing support plates that provide effective gas distribution 
are generally available from major packing suppliers. 

Items to be considered in the design of tray columns include 

1. Type of tray (e.g., sieve, valve, or bubble-cap) 
2. Tray spacing 
3. Number and size of openings for gas flow 
4. Dimensions of active area 
5. Number of passes 
6. Size and location of downcomers and weirs 

These items are covered in detail in texts on the subject such as Treybal (1980), Van 
Winkle (1969), Bolles (1963), Fair (1963), and Perry's Chemical Engineers ' Handbook 
(Perry and Green, 1984). Design data and procedures have also been published for specific 
tray column types. Sieve trays are reviewed by Chase (1967), Economopoulos (1978), and 
Bamicki and Davis (1989); valve trays by Bolles (1976); and slotted sieve trays by Smith 
and Delnicki (1975). 

A comprehensive algorithm for designing sieve tray towers is presented by Economopou- 
10s (1978). More recently, Barnicki and Davis (1989) authored a two-part article about sieve 
tray column design, including multipass trays, flow regime effects, and practical cost-effec- 
tive standardizations. These authors divide column design into four tasks: (1) determining 
the approximate configuration of each tray, (2) selecting a common diameter for the column 
and dividing the column into zones of trays with the same number of passes and uniform 
active tray areas, (3) assigning hole areas for each tray based on pressure drop, structural, 
and flow regime limitations, and (4) checking each tray for excessive entrainment, entrain- 
ment flooding, downcomer backup, and weeping. Typical guidelimes for the design of sieve 
plate columns as compiled by Bamicki and Davis (1989) are given in Table 1-9. 
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Table 1-9 
Sieve Tray Design Guidelines 

Tray Spacing: 

Column Diameter, ft c3 3-5 5-6 6-12 1 3-24 
Tray Spacing, in. 6-12 18-24 24-30 30-36 35-48 

Weir Height: 

Should not exceed 15% of tray spacing 
Froth regime: 1-4 in. (2 in. is normal) 
Spray regime: >I%; in. (W to % in. is normal) 

Downcomer Clearance: 

Minimum: !4 in. less than weir height (%X in. is normal) 

Hole Diameter: 

Typical: %A in. 

Plate Thickness: 

Plate ThichesdHole Diameter 
Hole Diameter, in. Stainless Steel Carbon Steel 

%6 0.43 1 .o 
% 0.32 0.75 
?4 0.22 0.50 
H 0.16 0.38 

Weir Loading: 

Typical: less than 96 gpdft 

Pressure Drop: 

Maximum, 1.5-3.0 in. of liquid for vacuum 
8.0-10.0 in. of liquid for one atm or higher 

System Derating Factor: 

Nonfoaming 
Moderate foaming (e.g., absorbers, 

amine and glycol regenerators) 

Factor 
1 .o 

0.85 
Heavy foaming (e.g., amine and 

Based on compilation of Barnicki and Davis (1989) 

glycol absorbers) 0.75 
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The design of downcomers for sieve plate columns is reviewed by Biddulph et al. (1993). 
These authors present the following four rules of thumb for downcomer sizing based on 
years of experience: 

1. Use a velocity of 1.6 ft/s (0.5 d s )  for liquid flow under the downcomer (based on unaerat- 

2. Use the same velocity for liquid flow under the downcomer and liquid flow on the tray to 

3. Keep the head loss due to the underflow clearance to no more than 1.0 to 1.5 inches of hot 

4. M o w  adequate residence time in the downcomer for the disengagement of vapor; 3 sec- 

ed liquid). 

assure a smooth entry. 

liquid. 

onds for a nonfoaming system and 6 seconds for a foaming system. 

Spmy Contactors 

Spray contactors can be categorized into two basic types: (1) preformed spray, which 
includes countercurrent, cocurrent, and crosscurrent spray chambers; spray dryers; cyclonic 
spray devices; and injector venturis, and (2) gas atomized spray, which consists primarily of 
venturi scrubbers. Many commercial spray systems use more than one type of spray contac- 
tor and often combine sprays with trays or packing. 

The correlations developed for predicting the performance of tray and packed towers are 
not generally applicable to spray contactors because of fundamental differences in the con- 
tact mechanism, particularly with regard to “a,” the effective area for mass transfer. In spray 
contactors, the contact area is related more to the number and size of droplets in contact with 
the gas stream at any time than to the configuration or volume of the contact chamber. Since, 
in most spray devices, these values are determined primarily by the liquid flowrate and the 
pressure drop across either the spray nozzles or the venturi throat, it is not surprising that 
attempts have been made to correlate spray system performance with power consumed in the 
operation. Such a correlation was originally proposed by Lunde (1958), and a plot that 
includes his data is reproduced in Chapter 6 (figure 6-18). Roughly, the correlation indi- 
cates that to realize two transfer units (overall gas), for example, the total amount of power 
required is 

Contactor hp/lOOO scfm 
Venturi scrubbers .................................................... 2.0 
Crosscurrent sprays with mesh ............................... 1.0 
Spray cyclones ........................................................ 0.5 
Packed tower (3-in. htalox Saddles) ...................... 0.2 
Spray tower ............................................................. 0.1 

Theoretical correlations have been developed for predicting mass transfer rates for both 
the gas and liquid phases with droplets of known size. Unfortunately these correlations are of 
little value for design because the droplet size is highly variable and uncertain with common- 
ly used equipment. The problem of design is further complicated by backmixing in the gas 
phase, which is significant in most spray chambers. 

Venturi scrubbers, ejectors, and most spray chambers are, at best, single stage contactors. 
Cocurrent contactors also fall into this category. The theoretically ideal performance of such 
units is to produce gas and liquid products that are in equilibrium; actual hardware can only 
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approach this goal. Normally contactors of this type are used when the equilibrium vapor 
pressure of the absorbate over the product liquid is extremely low and can be neglected. 
Under these conditions, the equation for the number of transfer units reduces to 

N N  = In (Y(1 -E)) ( 1-24) 

where E = absorption efficiency, expressed as a fraction. 

In accordance with equation 1-24, removal efficiency and NoG are related as follows: 

Removal Efficiency, % NOG 
90 2.3 
95 3.0 
99 4.6 

The NOG values can be used to extrapolate test or operating data on a spray contactor to 
other systems or conditions. For example, if one spray unit provides 90% removal (2.3 trans- 
fer units), it can be expected that two identical units in series will provide about 99% 
removal (4.6 transfer units). Since commercial spray systems are widely variable, the devel- 
opment of a generalized design approach based on fundamentals is quite difficult. As a 
result, spray contactors are usually designed on the basis of previous experience with similar 
systems. 
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BACKGROUND 

Credit for the development of alkanolamines as absorbents for acidic gases goes to R. R. 
Bottoms j1930), who was granted a patent covering this application in 1930. Tri- 
ethanolamine (TEA), which was the first alkanolamine to become commercially available, 
was used in the early gas-treating plants. As other members of the alkanolamine family were 
introduced into the market, they were also evaluated as possible acid-gas absorbents. As a 
result, sufficient data are now available on several of the alkanolamines to enable design 
engineers to choose the most suitable compound for each particular requirement. 

The amines that have proved to be of principal commercial interest for gas purification are 
monoethanolamine (MEA), diethanolamine (DEA)? and methyldiethanolamine (MDEA). Tri- 
ethanolamine has been displaced largely because of its low capacity (resulting from higher 
equivalent weight), its low reactivity (as a tertiary amine), and its relatively poor stability. 
Diisopropanolamine (DIPA) (Bally, 1961; Klein, 1970) is being used to some extent in the 
Adip process and in the Sulfinol process (see Chapter 14), as well as in the SCOT process for 
Claw plant tail gas purification (see Chapter 8). However, methyldiethanolamine (JviDEA) is 
gradually displacing DIPA in these applications. Although MDEA was described by Kohl and 
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coworkers at Fluor Daniel (Frazier and Kohl, 1950; Kohl, 1951; Miller and Kohl, 1953) as a 
selective absorbent for H2S in the presence of C02 as early as 1950, its use in industrial 
processes has only become important in recent years. A somewhat different type of alka- 
nolamine, 2-(2-aminoethoxy) ethanol, commercially known as Diglycolamine (DGA), was 
first proposed by B l o b  and Riesenfeld (1955). This compound couples the stability and 
reactivity of monoethanolamine with the low vapor pressure and hypscopicity of diethylene 
glycol and, therefore, can be used in more concentrated solutions than monoethanolamine. 

In addition to simple aqueous solutions of the previously mentioned alkanolamines, propri- 
etary formulations comprising mixtures of the amines with various additives are widely used. 
Formulated solvents are offered by: Dow Chemical Company (GASISPEC), UOP (andor 
Union Carbide Corp.) (Amine Guard and UCARSOL), Huntsman Corporation (formerly Tex- 
aco Chemical Company) (-AT), and BASF Aktiengesellschaft (Activated MDEA). 
Some of Dow’s GAYSPEC and UOP’s Amine Guard formulations are basically corrosion 
inhibited MEA and DEA solutions. However: the most significant development in formulated 
solvents is the advent of tailored amine mixtures. These are usually based on MDEA, but con- 
tain other amines as well as corrosion inhibitors, foam depressants, buffers, and promoters 
blended for specific applications. They can be designed to provide selective H2S removal, 
partial or complete CO? removal, high acid gas loading, COS removal, and other special fea- 
tures (Manning and Thompson, 1991; Pearce and Wolcott, 1986; Thomas, 1988: Meissner 
and Wagner. 1983; Meissner, 1983; Niswander et al., 1992). 

A different class of acid gas absorbents, the sterically hindered amines, has recently been 
disclosed by EXXON Research and Engineering Company (Anon., 1981; Goldstein, 1983; 
Sartori and Savage, 1983). These absorbents, some of which are not alkanolamines, use 
steric hinderance to control the C02/amine reaction. Several different solutions are offered 
under the general name of Flexsorb solvents. 

Typical ethanolamine gas-treating plants are shown in Figures 2-1, 2-2a, 22b, and 2-3. 
Figure 2-1 is a photograph of a unit treating natural gas at high pressure to pipeline specifi- 
cations using an aqueous diethanolamine solution (S.N.P.A.-DEA process). Figures 2-2a 
and 2-2b depict a large gas treating complex (4 x 540 MMscfd Improved Econamine gas 
treating trains) located in Saudi Arabia which uses Diglycolamine as the solvent. Figure 2-3 
depicts another natural gas-treating plant using Diglycolamine. 

BASIC CHEMISTRY 

Structural formulas for the ahnolamines previously mentioned are presented in Figure 
2 4 .  Each has at least one hydroxyl group and one amino group. In general, it can be consid- 
ered that the hydroxyl group serves to reduce the vapor pressure and increase the water solu- 
bility. while the amino group provides the necessary alkalinity in water solutions to cause the 
absorption of acidic gases. 

Amines which have two hydrogen atoms directly attached to a nitrogen atom, such as 
monoethanolamine (MEA) and 2-(2-aminoethoxy) ethanol (DGA), are called primary 
amines and are generally the most alkaline. Diethanolamine (DEA) and Diisopropanolamine 
(DPA) have one hydrogen atom directly attached to the nitrogen atom and are called sec- 
ondary amines. Triethanolamine (TEA) and Methyldiethanolamine (MDEA) represent com- 
pletely substituted ammonia molecules with no hydrogen atoms attached to the nitrogen, and 
are called tertiary amines. 

The principal reactions occurring when solutions of a primary amine, such as 
monoethanolamine, are used to absorb C02 and H2S may be represented as 
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Figure 2-1. High-pressure natural gas-treating plant using diethanolamine solution 
(S.N.P.A.-DEA process). Courtesy of The Parsons Corp. 

Ionization of water: 

H20 = H+ + OH- 

Ionization of dissolved H2S: 

H2S = H+ + HS- 

Hydrolysis and ionization of dissolved COz: 

COZ + H20 = HC03- + H+ 

Protonation of alkanolamine: 

RNH2 + H+ = RNH3+ 

Carbamate formation: 

RNH2 + COZ = RNHCOO- + H+ 

(text continued on page 46) 
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Figure 2-2a. Shedgum, Saudi Arabia, gas treating complex. 4 x 540 MMscfd Improved 
Econamine trains using DGA on right, four Claus plants with incinerator stacks on left. 
For each Improved Econamine train, contactor is on right, regenerator on left. From 
left, air cooler sequence is regenerator condenser, lean DGA cooler No. 1, lean DGA 
cooler No. 2, and contactor side cooler. Courtesy Fluor Daniel 

Figure 2-2b. Individual 540 MMscfd Improved Econamine gas treating train at 
Shedgum, Saudi Arabia. Contactor on right, regenerator with four vertical 
thermosyphon reboilers on left. Courtesy Fluor Daniel 
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Figure 2-3. High-pressure gas-treating plant using Diglycolamine solution (Fluor 
Econamine process). Courtesy of Fluor Daniel 
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Figure 2-4. Structural formulas for alkanolamines used in gas treating. 
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(rem continuedfrom page 13) 

Reactions 2-1, 2-3,24, and 2-5 account for the principal species present in aqueous alka- 
nolamine treating solutions. These species are the unionized molecules H20, H2S, C02, and 
RNHl and the ions H+, OH-, HS-, HC03-, RNH3+, and RNHCOO-. Alternative reaction 
paths can, of course, be postulated which relate to the same species. 

Additional reactions may occur to produce species other than those listed, but these are 
not considered important in the basic absorptioddesorption operation. Examples of such 
minor reactions are the dissociation of bisulfide to produce sulfide ions, the dissociation of 
bicarbonate to produce carbonate ions, and the reaction of carbon dioxide with some amines 
to produce nonregenerable compounds. Additional details with regard to chemical reactions 
involved in the absorption of H2S and C02 are given in a subsequent section of this chapter 
entitled “Acid Gas-Amine Solution Equilibrium Correlations.” 

Although reactions 2-1 through 2-5 relate specifically to primary amines, such as MEA, 
they can also be applied to secondary amines, such as DEA, by suitably modifying the amine 
formula. Tertiary amine solutions undergo reactions 2-1 through 2-4, but cannot react direct- 
ly with C 0 2  to form carbamates by reaction 2-5. 

The equilibrium concentrations of molecular HzS and C02 in solution are proportional to 
their partial pressures in the gas phase (Le., Henry’s law applies) so reactions 2-2,2-3, and 2- 
5 are driven to the right by increased acid gas partial pressure. The reaction equilibria are 
also sensitive to temperature, causing the vapor pressures of absorbed acid gases to increase 
rapidly as the temperature is increased. As a result it is possible to strip absorbed gases from 
amine solutions by the application of heat. 

If the reaction of equation 2-5 is predominant, as it is with primary amines, the carbamate 
ion ties up an akanolammonium ion via equation 2-4 and the capacity of the solution for C02 
is limited to approximately 0.5 mole of C02 per mole of amine, even at relatively high par- 
tial pressures of C02 in the gas to be treated. The reason for this limitation is the high stabili- 
ty of the carbamate and its low rate of hydrolysis to bicarbonate. With tertiary amines, which 
are unable to form carbamates, a ratio of one mole of COz per mole of amine can theoretical- 
ly be achieved. However, the C02 reactions which do not produce carbamate involve reac- 
tion 2-3, which is very slow. In recently offered processes this problem is overcome (for 
MDEA) by the addition of an activator, typically another amine, which increases the rate of 
hydration of dissolved C02 (see following section). 

The effectiveness of any amine for absorption of both acid gases is due primarily to its 
alkalinity. The magnitude of this factor is illustrated in Figure 2-5, which shows pH values 
on titration curves for approximately 2N solutions of several amines when thej7 are neutral- 
ized with COP The curves were obtained by bubbling pure C02 through the various solu- 
tions and periodically determining the concentration of the solution and pH. The curve for an 
equivalent KOH solution is included for comparison. The relatively smooth curves for the 
amines, as compared to the sharp breaks in the KOH curve, may be interpreted as an indica- 
tion of the presence of non-ionized species during neutralization of the former compounds. 

The curves for the tertiary amines, MDEA and TEA, are seen to cross the DEA and MEA 
cun7es at a mole ratio near 0.5 indicating that the tertiary amines, while initially less alkaline, 
may be expected to attain higher ultimate COz/amine ratios. Figure 2-6 shows a comparison 
of pH values versus temperature curves of 20% solutions of monoethanolamine and 
diethanolamine (Dow, 1962). The decreasing pH with increasing temperature is a factor in 
the thermal regeneration process. 

In view of the difference in the rates of reaction of HIS and Cot with tertiary amines, par- 
tially selective H2S absorption would be expected with these compounds. The kinetics of 
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Figure 2-5. Titration curves showing pH during neutralization of ethanolamine and 
solutions with COP. 

TEMPERATURE, OF: 
D 

KOH 

Figure 2-6. pH values of aqueous mono- and diethanolamine solutions (technical grade). 

HIS and C 0 2  absorption into aqueous solutions of MDEA has been studied by a number of 
investigators (Savage et al., 1981; Ouwerkerk, 1978; Blanc and E l se ,  1981). Savage et al. 
(1981) found that although the rate of H2S absorption could be thermodynamically predicted, 
the rate of C 0 2  absorption, measured experimentally, appreciably exceeded that predicted on 
the basis of thermodynamic considerations, and they concluded that MDEA apparently acts 
as a base catalyst for hydration of CO?. More recently, investigators have found that the rate 
of CO, absorption in MDEA can be significantly increased by the addition of relatively low 
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concentrations of primary or secondary amines (Polasek et al., 1990; Campbell and Weiland, 
1989; Katti and Wolcott, 1987; Vickery et al., 1988). 

The chemistry of acid gas reactions with sterically hindered amines is discussed in some 
detail by Sartori and Savage (1983) and by Weinberg et al. (1983). A sterically hindered 
amine is defined structurally as a primary amine in which the amino group is attached to a 
tertiary carbon atom or a secondary amine in which the amino group is attached to a sec- 
ondary or tertiary carbon atom. Typical sterically hindered amines are shown in Figure 2-7 
(Sartori and Savage, 1983). 

The key to the concept of C02 absorption by such amines is that, by control of the molec- 
ular structure, amines can be synthesized which form either a stable carbamate ion, an unsta- 
ble carbamate ion, or no carbamate ion. For example, by an appropriate molecular configura- 
tion an unstable carbamate would be formed with C02 which is readily hydrolyzable, 
resulting in the formation of bicarbonate as the end product. This would result in a theoreti- 
cal ratio of one mole of C02 per mole of amine. For selective H2S absorption, a molecular 
structure would be selected which suppresses carbamate formation and, consequently, the 
rate of C02 absorption, without affecting the rate of H2S absorption. It is claimed that better 
selectiviv can be obtained with sterically hindered amines than with the presently used ter- 
tiary or secondary alkanolamines (Weinburg et al., 1983). 

A hindered amine prepared from tertiary butylamine and diethylene glycol (N-tertiary 
butyl diethylene glycolamine or TBGA) has been found to have advantages over MDEA 
with regard to selectivity, acid gas loading, and product gas purity. However, the material is 
still too expensive for general commercial use (Cai and Chang, 1992). 

The choice of the process solution is determined by the pressure and temperature conditions 
at which the gas to be treated is available, its composition with respect to major and minor con- 
stituents, and the purity requirements of the treated gas. In addition, consideration must, of 
course, be given to whether simultaneous H2S and C02 removal or selective H2S absorption is 
desired. Although no ideal solution is available to give optimum operating conditions for each 

0 CHz, CH2 \OH 2-pipidine ethanol (PE) 
I 

H 

Figure 2-7. Examples of sterically hindered amines. (Sarton' and Savage, 7983) 
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case, sufficient data and operating experience with several alkanolamhes are on hand to pennit 
a judicious selection of the treating solution for a wide range of conditions. In many cases, 
process requirements can be met by a numbex of dEerent amiues [or other processes) and an 
economic analysis is required A comparison of holamines used for gas purification, based 
on selected physical Properties and appro-ximate cost, is shown in Table 2-1. 

Monoethanolamine 

Aqueous monoethanolamine solutions, which were used almost exclusively for many 
years for the removal of H2S and C02 from natural and certain synthesis gases. are rapidly 
being replaced by other more efficient systems. particularly for the treatment of high-pres- 
sure natural gases. However, monoethanolamine is sti l l  the preferred solvent for gas streams 
containing relatively low concentrations of H2S and CO: and essentially no minor contami- 
nants such as COS and CS2. This is especially true when the gas is to be treated at low pres- 
sures, and maximum removal of H2S and COz is required. The low molecular weight of 
monoethanolamine, resulting in high solution capacity at moderate concentrations (on a 
weight basis), its high alkakity, and the relative ease with which it can be reclaimed from 
conlaminated solutions (see Chapter 3) are advantages, which in many cases more than 
counterbalance inherent disadvantages. Among the latter, the most serious one is the forma- 

Table 2-1 
Physical Properties of Albnolamines 

Property MEA* DEA* TEA* MDEA* DPA* DGA** 

Mol. weight 61.09 105.14 149.19 119.17 133.19 105.14 
Specific .gravity, 1.0179 1.0919 1.1258 1.0418 0.9890 1.0550 
W 2 " C  - (3o/u)=cj - - (45/20"C) - 

Boiling point, "C 
360 247.2 248.7 21 1 
7@ 164 167 - 

760 mmHg 171 b m p .  

10 mmHg 69 150 108 128 133 - 

mmHg at 20°C 0.36 0.01 0.01 0.01 0.01 0.01 
Freezing point, =c 10.5 28.0 21.2 -21.0 42 -9.5 

50 mmHg 100 187 

Vapor pressure, 

Solubility in water, 

Absolute viscosity. 

Heat of vaporization. 

5% by weight at 10°C Complete 96.4 Complete Complete 87 Complete 

cps at 20°C 21.1 38O(3O0C) 1,013 101 198(45"C) 26(24'C) 

Btu/lb at 1 atm 355 288(23mm) 230 223 184.5 219.1 
(168.5'C) 

Approximate cost, 
Wb*** 0.59 0.60 0.61 1-40 - 0.93 

 YO^: 
*Data of L%im Carbide Chemicals ConPany f1957, acq forpricing. 

**Data of Je&rson Chemical Companyl Inc. N969) aceptforp&ing. 
***Kenney (1993). Priw are for bulksales. AddSO.lOperpmdfbr dium sales. 
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tion of irreversible reaction products with COS and CS2, resulting in excessive chemical 
losses if the gas contains significant amounts of these compounds. Furthermore, 
monoethanolamine solutions are appreciably more corrosive than solutions of most other 
amines, particularly if the amine concentrations exceed 20% and the solutions are highly 
loaded with acid gas. This feature limits the capacity of monoethanolamine solutions in cases 
where high partial pressures of the acid gases would permit substantially higher loadings. 
However, several systems, using effective corrosion inhibitors, reportedly overcome these 
limitations. Such systems include Dow Chemical Company’s GAS/SPEC FT-1 technology, 
which is suitable for C02 removal in ammonia and hydrogen plants, as well as from sweet 
natural gas streams @ow, 1983), and UOP’s Amine Guard Systems (Butwell et al., 1973, 
1979; Kubek and Butwell. 1979). In general, corrosion inhibitors are effective in C02 
removal systems, permitting MEA concentrations as high as 302  to be used. However, they 
have not proven to be reliable in preventing corrosion with C02/H2S mixtures. 

Another disadvantage of MEA is its high heat of reaction with C02 and H2S (about 30% 
higher than DEA for both acid gases). This leads to higher energy requirements for stripping 
in MEA systems. Finally, the relatively high vapor pressure of monoethanolamine causes 
significant vaporization losses. particularly in low-pressure operations. However, this diffi- 
culty can be overcome by a simple water wash treatment of the purified gas. 

Monoethanolamine-Glycol Mixtures 

Mixtures of monoethanolamine with di- or triethylene glycol, as first described by Hutchin- 
son (1939), were once used extensively for simultaneous acid-gas removal and dehydration of 
natural gases. This process, commonly known as the glycol-amine process, has as its principal 
advantages the features of simultaneous purification and dehydration and somewhat lower 
steam consumption when compared to aqueous systems. Furthermore, glycol-amine solutions 
can be stripped almost completely of H2S and C02,  resulting in the capability of producing 
extremely high purity treated gas. However, the glycol-amine process has a number of draw- 
backs which have seriously limited its usefulness. Probably the most important of these is the 
fact that, in order to be effective as a dehydrating agent, the water content of the solution has 
to be kept at or below 5%. requiring relatively high reboiler temperatures. At these tempera- 
tures rather severe corrosion occurs in the amine to amine heat exchangers, the stripping col- 
umn, and, under certain operating conditions, the reboiler. The only practical solution to the 
corrosion problem is the utilization of corrosion-resistant ferrous alloys or nonferrous metals. 
Another undesirable feature of the glycol-amine process is a high vaporization loss of the 
amine. Furthermore, because of the very low vapor pressure of the glycol, a contaminated gly- 
col-amine solution cannot be reclaimed by simple distillation as is possible with the aqueous 
system. Finally, hydrocarbons, especially aromatics, are substantially more soluble in glycol- 
amine than in aqueous amine solutions. This feature is of major importance if the acid gas is 
to be further processed in a Claus type sulfur plant, as the presence of high molecular weight 
hydrocarbons usually leads to rapid catalyst deactivation and production of discolored sulfur. 
As a result of these limitations and problem areas, the glycol-amine process is no longer con- 
sidered competitive. Details of this process are discussed in earlier editions of this text. 

Diethanolamine 

Aqueous solutions of diethanolamine (DEA) have been used for many years for the treat- 
ment of refinery gases which n o d y  contain appreciable amounts of COS and CS2, besides 
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H2S and CO,. As discussed in Chapter 3, secondary amines are much less reactive with COS 
and CS2 than primary amines, and the reaction products are not particularly corrosive. Conse- 
quently, diethanolamine and other secondary amines are the better choice for treating gas 
streams containing COS and CS:. The low vapor pressure of diethanolamine makes it suitable 
for low-pressure operations as vaporization losses are quite negligible. One disadvantage of 
diethanolamine solutions is that the reclaiming of contaminated solutions may require vacuum 
distillation. Another disadvantage of DEA is that DEA undergoes numerous irreversible reac- 
tions with COz, forming corrosive degradation products, and for that -on, DEA may not be 
the optimum choice for treating gascs with a high C02 content (see Chapter 3). 

Application of diethanolamine solutions to the treatment of natural gas was first disclosed by 
Bertheir (1959) and later described in more detail by Wendt and Dailey (1967), Bailleul 
(1969), and Daily (1970). This process, which is commonly known as the S.N.P.A.-DE.4 
process, was developed by Societe Nationale des Petroles d'Aquitaine (S.N.P.A.)' of France in 
the gas field at Lacq in southern France. S.N.P.A. reco-qized that relatively concentrated aque- 
ous diethanolamine solutions (25 to 30% by weight) can absorb acid gases up to stoichiomemc 
molar ratios as high as 0.70 to 1 .O mole of acid gas per mole of DEA, provided that the partial 
pressure of the acid gases in the feed gas to the plant is sufficiently high. If the regenerated 
solution is well enough stripped when returned to the absorber and the operating pressure is 
high, purified gas satisfying pipeline specifications can be produced. The presence of impuri- 
ties such as COS and CS2 is not injurious to the solution. Under n o d  operating conditions, 
DEA decomposition products are removed quite easily by filtration through activated carbon. 
In general, diethanolamine solutions are less corrosive than monoethanolamine solutions unless 
corrosive decomposition products from side reactions build up in the solution [see Chapter 3). 

As a result of S.N.P.A.'s experience in Lacq, the S.N.P.A.-DFiA process has been widely 
used for the treatment of high-pressure natural gases with high concentrations of acidic com- 
ponents, especially if COS and CS2 are also present in appreciable amounts. Beddome 
(1969) reported that in 1969 the S.N.P.A.-DEA process predominated for the recovery of 
sulfur from natural gas in Alberta, Canada. Comparative operating data for mono- and 
diethanolamine systems, as reported by Beddome (1969): for typical Canadian gas-treating 
plants are shown in Table 2-2. Although not stated in the article, it is assumed that all plants 
were operating at a pressure of about 1.000 psig, which is typical for Canadian operation. 

Diglycolamine 

The use of aqueous solution of Diglycolamine, 2-(2-aminoethoxy) ethanol, was commer- 
cialized jointly by the Fluor Corporation (now Fluor Daniel), the El Paso Natural Gas Com- 
pany, and the Jefferson Chemical Company Inc. (now the Huntsman Corporation) (Holder, 
1966; Dingman and Moore, 1968). The process employing this solvent has been named the 
Fluor Econamine. process. The solvent is in many respects similar to monoethanolamine, 
except that its low vapor pressure permits its use in relatively high concentrations, typically 
40 to 609, resulting in appreciably lower circulation rates and steam consumption when 
compared to typical monoethanolamine solutions. A comparison of operating data for gly- 
col-monoethanolamine and Diglycolamine solutions in a commercial installation, which 
treats natural gas containing 2 to 5 %  total acid gas at a pressure of 850 psig is shown in 
Table 2-3, Holder (1966). 

'Now Societe Nationale Elf Aquitaine (Production) (SNEAP). 
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Table 2-2 
Comparative Operating Data for MEA and DEA Systems 

I GasPlant -4 B B C D 
Feed gas composition 

Mole 9 HIS 
Mole % CO, 

(‘3 active reagent in 
water solutionl 

Solvent 

Solvent circulation 
Moles amine per mole 

acid gas 
Gallons solvent per 

mole acid gas 
Reboiler steam 

Ib stedgal solvent 
lb steadmole acid gas 

2.1 
0.7 

18%, 
MEA 

1.8 

74 

1 .o 
74 

7.1 
5.9 

15% 
ME.4 

2.5 

123 

1.2 
148 

7.1 
5.9 

249, 
SNPA-DEA 

1.3 

68 

1.5 
72 

2.4 
4.9 

22.5% 
DEA 

1.5 

84 

1.2 
101 

16.5 
8.0 

27.5% 
SNPA-DEA 

1 .o 

44 

1 .o 
4 

I Source: Beddome (1969) 

Table 2-3 
Comparison of Typical Operating Data of MEA-DEG and DGA Systems 

ME A-DEG DGA 

Gas volume, MMscfd 121.2 121.3 
Solution rate, gpm 7 14 556 
Reboiler steam, l b h  50,700 4QlOO 
Solution loading, scf acid gadgal 4.0 5.5 
HIS in treated gas! graid100 scf 0.25 0.25 
C 0 2  in treated gas, Mol8 0.01 0.01 

Source: Holder (1966) 

DGA has proven to be very effective for purifying large volumes of low pressure 
(-100-200 psig) associated gas in Saudi Arabia. DGA is particularly useful for such applica- 
tions because it can operate at high ambient temperatures and can produce sweet gas ( 4 4  ,gain 
H2S/100 scf) at moderate pressures. Information on commercial applications of the Fluor 
Econamine process has been presented by Dingman (1977), Mason and Griffith (1969), Husal 
and van de Venne (1981). Bucklin (1982), and Weber and McClure (1981). Comparison of 
the process with systems using MEA solutions indicates some capital and operating cost sav- 
ings, as well as improved operation at relatively low pressures (Huval and van de Venne, 
1981). An additional adwntage is partial removal of COS by the DGA solution. Furthermore, 
steam distillation can be used to recover a substantial portion of DGA from the degradation 
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products resulting from reactions of DGA with CO, and COS (see Chapter 3). In 1996, Digly- 
colamine solutions were being used in more than 100 plants (Kenney, 1996). 

Diisopropanolamine 

Diisopropanolamine (DIPA) has been used in the ADIP and Sulfinol processes, both 
licensed by the Shell International Petroleum Company (SIPM). In the Sulfinol process, diiso- 
propanolamine is used in conjunction with a physical organic solvent, and a more detailed dis- 
cussion of this process is given in Chapter 14. The ADP process, which employs relatively 
concentrated aqueous solutions of diisopropanolamine, has been described by Bally (1961) 
and by Klein (1970). It has been widely accepted. primarily in Europe, for the treatment of 
refmery gases and liquids which, besides H,S and COz, also contain COS. It is claimed that 
substantial amounts of COS are removed without detrimental effects to the solution. Further- 
more, diisopropanolamine solutions are reported to have low regeneration steam requirements 
and to be noncorrosive (Klein, 1970). SIPM has applied the ADIP process to the selective 
absorption of H2S from refinery gas streams (Abe and Petenan, 1980) and, as part of the 
SCOT process, to selective absorption of H2S from Claus plant tail gas (see Chapter 8). How- 
ever, SIPhl is gradually replacing DIPA with MDEA in both of these applications. A theoreti- 
cal study of the absorption kinetics hV0hed in the selective absorption of H2S in DIPA has 
been presented by Ouwerkerk j1978). Equations for mass transfer with chemical reaction are 
utilized in the study to develop a computer program which takes into account the competition 
between H?S and C 0 2  when absorbed simultaneously. 

Methyldiethanolamine 

Selective absorption of hydrogen sulfide in the presence of carbon dioxide, especially in 
cases where the ratio of carbon dioxide to hydmgen sulfide is very high, has recently become 
the subject of considerable interest, particularly in the purification of non-hydrocarbon gases 
such as the products from coal gasification processes and Claus plant tail gas. The early 
work at the Fluor Corp. (now Fluor Daniel) showed that tertiary amines, especially 
methyldiethanolamine, can absorb hydrogen sulfide reasonably selectively under proper 
operating conditions involving short contact times (Frazier and Kohl, 1950; Kohl, 1951; 
Miller and Kohl, 1953). -4 study by Vidaurri and Kahre j1977), in which selective absorption 
with several ethanolamines was investigated in a pilot and commercial plant, demonstrated 
that purified gas containing as little as 5 parts per million of hydrogen sulfide could be 
obtained with absorption of only about 308 of the carbon dioxide contained in the feed gas. 
The most selective solvent was methyldiethanolamine, although other amines also showed 
some selectivity. 

Additional information on selective H2S absorption with MDEA or hfDEA-based solu- 
tions is presented by Pearce (1978j, Crow and Baumann (1974j, Goar (198Oj, Blanc and 
Elgue (1981): Sigmund et al. (1981). Dibble (1983), Robinson et al. (1988). and Kam and 
Langfitt (1986.4, 1986Bj. The papers by Sigmund et al. and Dibble describe Union Carbide 
Corporation’s proprietary process using MDEA-based solutions under the trade name of 
UCARSOL HS Solvents. These solvents are claimed to be more selective than conventional 
MDEA and DIPA solutions and, consequently, more economical with respect to energy con- 
sumption. A comparison of UCARSOL with DIPA for recovering H2S from Claus plant tail 
gas (after hydrogenation) is shown in Table 24.  The paper by Robinson et al. pro\ides data 
on a gas treating plant that was converted from DEA to GAS/SPEC CS-3 Solvent-an 
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Table 2-4 
UCARSOL HS 101 Solvent vs. DIPA in Claus Tail Gas Cleanup Unit I 

UCARSOL HS 
27% 
DIPA 

Circulation Rate, gpm 76 28 
CO-, Slippage, 8 84 95 
H2S Content in Recycle Stream to Claus Unit, 76 66 
Reboiler Steam Consumption, Mlbs/Hr 4,469 2,284 
Steam Cost @ $5.50/Mlbs, $/Year 212,300 108,500 
Savings with UCARSOL HS, $/Year - 103,900 
Source: Dibble (1983) 

35 

h4DEA-based selective solvent formulation offered by Dow Chemical, USA. The papers by 
Katti and Langfitt also relate to the Dow GAS/SPEC selective solvents and report on the 
development and use of an absorber simulator to predict plant performance. 

The data from many studies indicate that, with proper design, selective solvents can yield 
H2S concentrations as low as 4 ppmv in the treated gas while permitting a major fraction of 
the C02 to pass through unabsorbed. Because of its low vapor pressure, MDEA can be used 
in concentrations up to 60 wt% in aqueous solutions without appreciable evaporation losses. 
Furthermore. MDEA is highly resistant to thermal and chemical de,pdation. is essentially 
noncorrosive (see Chapter 3): has low specific heat and heats of reaction with H2S and CO-, 
and, finally, is only sparingly miscible with hydrocarbons. 

Mixed Amines 

MDEA is also rapidly increasing in importance as a nonselective solvent for the removal 
of high concentrations of acid gas, particularly CO2, because of its low energy requirements, 
high capacity, excellent stability, and other favorable attributes. Its principal disadvantage is 
a low rate of reaction with (and therefore absorption of) CO-,. The addition of primary or sec- 
ondary amines, such as MEA and DEA, has been found to increase the rate of COS absorp- 
tion significantly without diminishing MDEA’s many advantages (Polasek et al., 1990; 
Campbell and Weiland, 1989: Katti and Wolcott, 1987). The kinetics of COz absorption into 
mixtures of MDEA and DEA has been studied by Mshewa and Rochelle (1994). They mea- 
sured the rates of absorption and desorption of C02 in a 50 wt%, solution of MDEA over a 
wide range of temperatures and partial pressures. The results were used with literature values 
of DEA reactions to develop a model for C02 absorption in DEA and mixtures of DEA and 
MDEA. The model predicts that the overall gas phase coefficient for CO-, absorption in a 
solution containing 40% MDEA and 10% DEA is 1.7 to 3.4 times greater than that for C02 
absorption in a 50% MDEA solution under typical absorption column conditions. A com- 
mercial process using this phenomenon was disclosed by BASF Aktiengesellschaft and 
described by Meissner (1983) and by Meissner and Wagner (1983). Mixed amine processes 
containing MDEA are now offered by several licensors. 

The BASF Activated MDEA process employs a 2.5 to 4.5 M MDEA solution containing 
0.1 to 0.4 M monomethylmonoethanolamine or up to 0.8 M piperazine as absorption activa- 
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tors (Bartholome et al., 1971; Appl et al., 1980). The activators apparently increase the rate 
of hydration of CO, in a manner analogous to the activators used in hot potassium carbonate 
solutions (see Chapter 5 )  and thus increase the rate of absorption. The process can be operat- 
ed with one or two absorption stages, depending on the required gas purity. In one single- 
absorption stage version, which is suitable for bulk COz removal from high pressure gases, 
the rich MDEA solution is regenerated by simple flashing at reduced pressure. In a two-stage 
version, when essentially complete C02 removal is required, a small stream of steam- 
stripped MDEA solution is used in the second stage. 
The comparative capacities of MDEA and MEA for COI recove137 in an absorptiodflash 

process are illustrated by Figure 2-8 (Meissner and Wagner, 1983). If it is assumed that 
equilibrium is attained in both the absorption and strimku steps and that isothamd condi- 
tions are maintained, the maximum net capacity is simply the difference between equitibri- 
urn concentrations at the absorption and smpping partial pressures. A net CO2 pickup of 30 
volhol (0.297 moldmole) is indicated for a 4.5 molar MDEA solution by flashing from a 
C02 partial pressure of 5 bar (72.5 psia) to one bar (14.5 psia) at 70°C (158%). By compari- 
son, a 4.1 molar MEA solution pv ides  a nef pickup of only 5 volh.01 for the same pressure 
change at a scmewhat lower temperature of 60°C (140°F). This promoted h!DEA process is 
particularly useful when CO, is present at high partial pressures, as either no steam or only a 
small amount of steam is required for regeneration. 

Another useful feature of the MDm-based, mixed amine systems is that the formulation 
can be varied to meet specific site requirements. Vickery et al. (1988j describe how the 

I I  I I 1 I 1 
2 4 6 0 10 12 14 

Cq--=(BAR) 

Figure 2-8. C02 solution isotherms in MEA and MDEA (Meissner and Wagner, 7983). 
Reprinted with permission Il’otn Oil & Gas Journal, Feb. 7,1983. Copyright Pennwell 
Publishing Company. 
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selectivity for H2S over COz can be adjusted, as required, by blending a primary or sec- 
ondary amine with a tertiary amine, such as MDEA, in just the right proportions. 

Sterically Hindered Amines 

Although sterically hindered amines are not necessarily alkanolamines, their characteris- 
tics as gas purification agents are sufficiently similar to those of the alkanolamines to be 
included in this chapter. A family of solvents based on hindered amines is licensed by Exxon 
Research and Engineering Co. under the broad designation of Flexsorb Solvents. The 
processes have been described in some detail by Goldstein (1983): Weinberg et al. (1983), 
and Chludzinski and Wiechart (1986). The hindered amines are used as promoters in hot 
potassium carbonate systems (Flexsorb HP); as components of organic solventfamine sys- 
tem with characteristics similar to Shell's Sulfinol process (Flexsorb PS); and as the princi- 
pal agent in aqueous solutions for the selective absorption of HIS in the pre.sence of C02 
(Flexsorb SE and SE+). Each system makes use of a different sterically hindered amine with 
a specifically designed molecular configuration. On the basis of pilot and commercial plant 
experience, substantial savings in capital and operating cost are claimed for this technology. 
As of 1994, it was reported that 32 Flexsorb plants were operating or in design (Exxon 
Research and Engineering Co., 1994). 

Amine Concentration 

The choice of amine concentration may be quite arbitrary and is usually made on the basis 
of operating experience. Typical concentrations of monoethanolamine range from 12 wt% to 
a maximum of 32 wt%. On the basis of operating experience in five plants, Feagan et al. 
(1954) recommended the use of a design concentration of 15 wt8  monoethanolamine in 
water. The same solution strength was recommended by Connors (1958). Dupart et al. 
(1993A, 1993B) recommend a maximum MEA concentration of 20 wt%. However, it should 
be noted that higher amine concentrations, up to 32 w t 8  MEA, may be used when corrosion 
inhibitors are added to the solution and when C02 is the only acid gas component. 

Diethanolamine solutions that are used for treatment of refinery gases typically range in 
concentration from 20 to 25 wt%? while concentrations of 25 to 30 wt% are commonly used 
for natural gas purification. Diglycolamine solutions typically contain 40 to 60 wt% amine in 
water, and MDEA solution concentrations may range from 35 to 55 wt%. 

It should be noted that increasing the amine concentration will generally reduce the 
required solution circulation rate. and therefore the plant cost. However, the effect is not as 
great as might be expected, the principal reason being that the acid-gas vapor pressure is 
higher over more concentrated solutions at equivalent acid-gaslamine mole ratios. In addi- 
tion, when an attempt is made to absorb the same quantity of acid gas in a smaller volume of 
solution, the heat of reaction results in a greater increase in tempexature and a consequently 
increased acid-gas vapor pressure over the solution. The effect of increasing the amine con- 
centration in a specific operating plant using DGA solution for the removal of about 158 
acid gas from associated gas is shown in Figure 2-9. The authors of this study concluded 
that the optimum DGA strength for this case is about 50 wt%. The effect of the increasing 
amount of DGA at higher concentrations is almost nullified by the decreasing net acid gas 
absorption per mole of DGA (Huval and van de Venne, 1981). 
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Figure 2-9, Effect of DGA concentration on maximum plant capacity and net solution 
loading in a large commercial plant (Huval and van de Venne, 7980 

FLOW SYSTEMS 

Basic Flow Scheme 
The basic flow arrangement for all alkanolamhe acid-gas absorption-process systems is 

shown in Figure 2-10. Gas to be purified is passed upward through the absorber, countercur- 
rent m a stream of the solution. The rich solution h m  the bottom of the absorber is heated 
by heat exchange with lean solution from the bottom of the stripping column and is then fed 
to the stripping column at some point near the top. 

In units treating sour hydrocarbon gases at high pressure, it is customary to flash the rich 
solution in a flash drum maintained at an intermediate pressure to remove dissolved and 
entrained hydrocarbons before acid gas stripping (see Chapter 3). When heavy hydrocarbons 
condense from the gas stream in the the flash drum may be used to skim off liquid 
hydrocarbons as well as to remove dissolved gases. The flashed gas is often used locally as 
fuel. A small  packed tower with a lean amine wash may be installed on top of the flash drum to 
remove H2S from the flashed gas if sweet fuel gas is required (Manning and Thompson, 1991). 

Lean solution from the stripper, after partial cooling in the lean-to-rich solution heat 
exchanger, is further cooled by heat exchange with wafer or air, and fed into the top of the 
absorber to complete the cycle. Acid gas that is removed from the solution in the stripping 
column is cooled to condense a major portion of the water vapor. This condensate is contin- 
ually fed back to the system to prevent the amine solution from becoming progressively 



58 Gas Purgcation 

PURIFIED 

GAS 
,ETHANOLAMINE 

SOLUTION = 1 1- STEAM 

ACID GAS 
TO DISPOSAL 

Figure 2-10. Basic flow scheme for alkanolamine acid-gas removal processes. 

more concentrated. Generally, all of this water, or a major portion of it, is fed back to the top 
of the stripping column at a point above the rich-solution feed and serves to absorb and 
return amine vapors carried by the acid gas stream. 

Many modifications to the basic flow scheme have been proposed to reduce energy con- 
sumption or equipment costs. For example, power recovery turbines are sometimes used on 
large, high-pressure plants to capture some of the energy available when the pressure is 
reduced on the rich solution. A minor modification aimed at reducing absorber column cost 
is the use of several lean amine feed points. In an arrangement described by Polasek et al. 
(1990), most of the lean solution is fed near the midpoint of the absorber to remove the bulk 
of the acid gas in the lower portion of the unit. Only a small stream of lean solution is need- 
ed for final clean-up of the gas in the top portion of the absorber, which can therefore be 
smaller in diameter. 

A modification that has been used successfully to increase the acid gas loading of the rich 
amine (and thereby decrease the required solution flow rate) is the installation of a side cool- 
er (or intercooler) to reduce the temperature inside the absorber. The concept has proved par- 
ticularly useful for DGA plants operating in Saudi Arabia where air cooling is used (Huval 
and van de Venne, 1981). The optimum location for a side cooler is reported to be the point 
where half the absorption occurs above and half below the cooler, which results in a location 
near the bottom of the column (Thompson and King, 1987). 

Water Wash for Amine Recovery 

The simplest modification of the flow system in Figure 2-10 is the inclusion of a water 
wash at the top of the absorber to reduce losses of amine with the purified gas. If acid gas 
condensate from the regenerator reflux drum is used for this purpose, no draw-off tray is 
required because it is necessary to readmit this water to the system at some point. It should 
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be noted however, that this condensate is saturated with acid gas at regenerator condenser 
operating conditions and that this dissolved acid gas will be reintroduced into the gas stream 
if the water is used “as is” for wasbing. If the gas volume is very large, compared to the 
amount of wash water, this may be of no consequence. However, if calculations indicate that 
the quantity of acid gas so introduced is excessive, a water smpper can be included in the 
process. Alternatively, a recirculating water wash with a dedicated water wash pump can be 
utilized. This design uses a comparatively small wash water make-up and wash watcr purge. 

A water wash is used primarily in monoethanolamine systems, especially at low absorber 
operating pressures, as the relatively bigh vapor pressure of monoethanolamine may cause 
appreciable vaporization losses. The other amines usually have sufficiently low vapor pres- 
sures to make water washing unnecessary, except in rare cases when the purified gas is used 
in a catalytic process and the catalyst is sensitive even to traces of amine vapors. 

The number of trays used for water wash varies from two to five in commercial installa- 
tions. Experience has indicated that an efficiency of 40 or 50% can be expected per tray 
under typical absorber operating conditions. From this, it would appear that four trays would 
be ample to remove over 80% of the vaporized amine from the purified gas and, incidentally, 
a major portion of the amine carried as entrained droplets in the gas stream. 

It is probable that an even greater tray efficiency is obtained in the water wash section of 
the stripping column. However, because of the higher temperature involved, the amine con- 
tent of the vapors entering this section may be quite high. Four to six trays are commonIy 
used for this service. 

Split-Stream Cycles 
A flow modification which has been proposed for aqueous amine solutions to reduce the 

steam mpimnent is shown in Figure 2-11. The split-stream scheme, in which only a por- 
tion of the solution is stripped to a low acid-gas concentration, has been applied to several 
gas-purification processes, including the Shell tripotassium phosphate process and the hot 

ACID GAS 

Figure 2-11. Split-stream flow modification for amine plants. 
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potassium carbonate process (see Chapter 3, and was first disclosed by Shoeld (1934). The 
rich solution from the bottom of the absorber is split into two streams, one being fed to the 
top of the stripping column and one to the midpoint. The top stream flows downward coun- 
tercurrent to the stream of vapors rising from the reboiler and is withdrawn at a point which 
is above the inlet of the second portion of the rich solution. The liquid withdrawn from the 
upper portion of the stripping column is not completely stripped and is recycled back to the 
absorber to absorb the bulk of the acid gases in the lower portion of the absorber column. 
The portion of solution, which is introduced near the midpoint of the stripping column, flows 
through the reboiler and is very thoroughly stripped of absorbed acid gases. This solution is 
returned to the top of the absorber where it serves to reduce the acid gas content of the prod- 
uct gas to the desired low level. In this system, the quantity of vapors rising through the 
stripping column is somewhat less than that in a conventional plant. However, the ratio of 
liquid to vapor is lower in both sections because neither carries the total liquid stream. 

The obvious drawback of this process modification is that it appreciably increases the ini- 
tial cost of the treating plant. The stripping column is taller and somewhat more complex, 
and the two streams require separate piping systems with two sets of pumps, heat exchang- 
ers, and coolers. Commercial units utilizing a system of this type have been described by 
Bellah et al. (1949) and by Estep et al. (1962). 

A simpliied form of the split-stream cycle consists of dividing the lean solution before 
introduction into the absorber into two unequal streams. The larger stream is fed to the middle 
of the absorber, while the smaller stream is introduced at the top of the column. In cases 
where gases of high acid-gas concentration ~IE treated, this scheme may be more economical 
than the basic flow scheme, as the diameter of the top section of the absorber may be appre- 
ciably smaller than that of the bottom section. Furthermore, the lean-solution stream fed to the 
middle of the absorber may not have to be cooled to as low a temperature as the stream flow- 
ing to the top of the column, resulting in reduction of heat exchange surface. 

A split flow cycle specifically designed for the removal of COz from high pressure gas 
streams with promoted MDEA solutions is shown in Figure 2-12. This and several other 
flow schemes are offered by BASF for use with their activated MDEA process (Gerhardt and 
Hefner, 1988; Meissner and Hefner, 1990). In the illustrated configuration, the gas is treated 
in a two stage absorber using partially regenerated solution in the bottom stage and com- 
pletely regenerated solution in the top stage. Rich solution from the bottom of the absorber 
passes through a hydraulic turbine for energy recovery, and is then flashed in the high pres- 
sure flash unit where most of the dissolved inert gases are released. The rich solution then 
flows to the low pressure flash unit, which operates close to atmospheric pressure. Hot over- 
head gas from the thermal stripping column is passed through the solution in the low pres- 
sure flash tank to improve the efficiency of COz removal in this vessel. A significant portion 
of the C02 contained in the rich solution is stripped in the low pressure flash unit. Partially 
regenerated solution from the low pressure flash step is split into two portions. The larger 
portion is fed to the bottom stage of the absorber; while the balance flows to a conventional 
reboiled stripping column. Completely regenerated solution from the stripping column is fed 
to the top absorption stage, completing the cycle. 

Cocurrent Absorption 

With cocumnt absorbers, the highest gas purity attainable is represented by equilibrium 
between the product gas and the product (rich) solution. When an irreversible reaction occurs 
in the liquid phase, the equilibrium vapor pressure of acid gas over the solution is negligible 
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Figure 2-12. Actfvated MDEA split flow configuration. 

and c o c m n t  contactors can yield high removal efficiencies. With amines, however! the rich 
solution usually has a significant acid gas vapor pressure, and a cocurrent contactor cannot 
normally be used as the sole absorption device. In some cases, however, a cocurrent contac- 
tor can be used in conjunction with a countercmnt unit to provide improved results. 

Isom and Rogers (1994) evaluated several possible flow arrangements for incorporating 
an S M V  high efficiency cocurrent contactor into an existing gas treating system to increase 
the H2S removal efficiency. They developed a ratebased modeling method to predict the 
performance of combination systems that contain both a cocurrent contactor and a counter- 
current unit. The existing countercurrent unit mated 10 MMscfd of gas containing 2.0% H2S 
and 5.08 CG,  and produced gas containing 1,OOO ppm H2S and 2.7% CO, using 66 gpm of 
40% MDEA solution. The studies indicated that the optimum configuration would be that 
shown in Figure 2-13 with the same 66 gpm of solution fed to the countercurrent absorber 
and 74 gpm recycled through the cocurrent unit. With this arrangement the outlet gas com- 
position was determinzd to be 608 ppm H2S and 2.5% C02. 

A very similar configuration, in which the cocurrent contactor is in the form of a heat 
exchanger, was proposed by Kohl and Bechtold (1952). This concept has found only limited 
application to date. However with the trend toward more concentrated solutions, higher acid 
gas loadings, and closer approach to equilibrium with the sour gas. it may be worth reconsid- 
eration, particularly in areas such as the Middle East where cooling water is not available 
and lean amine temperatures obtained by air cooling are relatively high. In this circumstance, 
a substantial W o n  of the heat of reaction can be removed by heat exchans upsmam of 
the amine contactor. The concept is illusnated in Figure 2-14. A related concept is the use of 
a side cooler near the bottom of the absorber as previously described (see Basic Flow 
Scheme section). In both of these designs, cooling reduces the rich amine temperahm, per- 
mitting higher rich solution loadings. 
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Figure 2-13. Combined cocurrent-countercurrent absorption system. (Isom and 
Rogem, 1994) 
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Figure 2-14. Flow system employing heat exchanger for initial gas contact. 

DESIGN DATA 

Acid Gas-Amine Solution Equilibria 

The relationship between the concentration of acid gas in an amine solution and its partial 
pressure in the gas phase at equilibrium is probably the most important item of data required 
for the design of treating plants. The relationship may be referred to as gas solubility or 
vapor-liquid equilibrium (VLE). The concentration in the liquid phase is normally reported 
as moles acid gas per mole of amine (moldmole or mol/mol). Since this value varies with 
the partial pressure (or more precisely with the fugacity) of the acid gas, temperature, type of 
amine, amine concentration in the solution, and nature and concentration of other compo- 
nents in the solution, the amount of data required to cover all possible conditions is enor- 
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mous. Although significant data gaps sti l l  exist, numerous WE stud is  have been conducted 
and reported in literature. Particularly notewarthy are the extensive publications of Dr. A. E. 
Mather and coworkers at the University of Alberta, Edmonton, Canada. 

The acid gas solubility data presented in the following sections are generally limited to condi- 
tions near those most commonly encountered in commercial systems. References are provided 
to sources of additional data and to correlations that have been developed for predicthg VLE 
relationships in the absence of specific data. Charts and tables of experimental data are useful for 
preliminary studies; however, correlations are needed for interpolating and extrapolating data to 
specific conditions, and are required for computer-based amine system design programs. 

Since MEA was one of the first ethanolamines used for gas mating and is still widely 
used a large amount of VLX data has been published covering MEA solutions of CO, and 
H.S. Thc magnitude of this effort can be appreciated by inspection of Table 2-5, which lists 
most of the papers presenting experimental data on the subject. 

Much of the early work was conducted with dilute (-15 wt%) MEA solutions because 
such solutions were commonly used in commercial plants at the time since higher concentra- 
tions were considered too corrosive. With the advent of corrosion inhibited solutions and a 
better understanding of corrosion mechanisms, more concentrated solutions have become 
popular. This is reflected in the recent VLE data, which typically covers both 15 and 30 wt% 
solutions. More data are provided for MEA than for the other amines because of its wide 
spread and long time commercial use. Also, many of the conclusions for MEA, such as the 
general effects of temperature, amine concentration, and the presence of other acid gases are 
also applicable to other amines. 
Figures 2-15 through 2-28 and Tables 2-6 and 2-7 present data on the solubiliiy of CO?, 

H2S, and mixtures of the two acid gases in MEA solutions. Most of the data are for 2.5N 
(approximately 15 wt%) and 5.0N (approximately 30 wt%) solutions. Figure 2-17, which 
gives data for H2S in 15.3 wt% MEA, includes curves calculated by the Kent-Eisenburg cor- 
relation, which is discussed later. 

Figures 2-26 and 2-27 show the effect of temperature on the vapor pressures of CO? and 
H2S respectively for various acid-gas/amine mole ratios. The curves are nearly straight lines 
on the log P versus 1/T coordinates, which aids in extrapolation to other temperatures. The 
plots also provide an indication of the heat of reaction, which, in accordance with the Clau- 
sius-clapeyvn equation. is proportional to the slope of the Iines. The decreasing slope with 
increasing concentration of acid gas in the solution indicates that the heat of reaction 
decreases as more acid gas i s  absorbed. 

Figure 2-28 shows the effect of increasing the concentration of MEA on the vapor p e s -  
sure of CO, at various acid gas to amk mole ratios and at a temperature of 77°F. Increasing 
the &EA concentration increases the C02 vapor pressure at the same mole ratio. From e 
prarical standpoint, this means that the quantity of solution required does not decrease in 
inverse proportion to the amine concentration. For example, with 10 psia C02 partial pres- 
sure in the feed gas, and equilibrium at 77"F, the maximum solution capacity is about 0.8 
moles C02/mole amine in a 10 wt% MEA solution and 0.6 moledmole in a 40 wt% solution. 

Sources of data for the solubility of acid gases in DEA solutions are given in Table 2-8. 
Typical data are given in Figures 2-29 through 2-35. The principal charts cov&g the indi- 
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Table 2-5 
Sources of Solubility Data for COP and H2S in Aqueous MEA Solutions 

lMEA Concentration 
Reference kmoYrn3 Acid Gas 

Mason and Dodge, 1936 0.5,3.0,5.0,9.5, 12.5 h25 
Reed and Wood, 1941 2.5 co., 
Lyudkovskaya and Leibush, 1949 0.5,2.0,5.0 c02 
Leibush and Shneerson, 1950 0.93, 2.5 mixtures 
Atadan, 1954 2.5,5.0, 10.0 c02 

Muhlbauer and Monaghan, 1957 2.5 mixtures 

Goldman and Leibush, 1959 1.0,2.0,2.5,5.0 coz 
Murzin and kites, 197 1 0.5, 1.0,2.0,2.5,3.4 c02 

Lee et al., 1975 5.0 mixtures 
Lee et al., 1976A 2.5, 5.0 h25 
Lee et al., 1976B 5 .O mixtlUeS 
Lee et al., 1976C 1.0,2.5,4.0,5.0 c02 
Lawson and Garst, 1976 2.5,5.0 mixtlUeS 
Nasir and Mather, 1977 2.5, 5.0 C02 and HIS 
Isaacs et al., 1980 2.5 mixtures 
Maddox et al., 1987 2.5 COz and H2S 
Shen and Li, 1992 2 5 5 . 0  c02 
Murrieta-Guevara et al., 1993 2.5,5.0 C02 and HlS 
Jou et al., 1995A 5.0 coz 

Riegger et al., 1944 0.57,0.94, 1.34, 1.78,2.53,3.22,3.82 H2S 

Atwood et al., 1957 0.83,2.5,3.3,5.0 HZS 

Jones et al., 1959 2.5 mixtures 

Lee et al., 1974B 2.5,5.0 COz and H2S 

Note: In some of the references, MEA concentrations are given as weight percent: these haw been 
converted to approximate values of hol/m’; other references give the concentration as nor- 
mality, N. which is essentially the same as h01/m3. For MEA (molecular weight 61.09) the 
conversions for 2.5 and 5.0 hoU& are approximately 15.2 and 30.2 wPA. 

vidual acid gases, COz and H2S in DEA solutions (Figures 2-29 and 2-31), are smoothed 
curves based on the data of Maddox and Eliondo (1989); These curves appear to be in rea- 
sonable agreement with most previous data such as those of Lee et al. (l972,1973A, 1973B) 
and Lal et al. (1980, 1985). 

Diglycolamine 

Data on the solubility of COz and H2S in DGA are somewhat limited, but are adequate for 
design, particularly when used in conjunction with recently developed VLE correlations. 
Figures 2-36 through 2-39, which are from Dingman et al. (1983), provide data for a 65 
wt% DGA solution at 100°F and 180°F. The curves depict C02 partial pressures in the gas 
versus C02/DGA mole ratios in the liquid for several H2S/DGA mole ratios, and H2S partial 

(text continued on page 79) 
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Figure 2-15. Solubility of CO, in 2.5 N MEA solution. + , MuhlhuerandMonaghan 
(1957) ( 2 5 O C ) ;  , Murzin and Leites (1971) (SOOC); 7 ,  Jones et a/. (195s) (120°C); A ,  
Reed and Wood (1941) (120°C); and smoothed curves, Lee et a/. (1976C). Chart from 
Lee et a/. (397%') 
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Figure 2-16. Solubility of GO2 in 30 wt?! MEA solution (Jou et a/., 1995A). Reprinted 
with permission from the Canadian Journal of Chemical Engineering, Copyright 19% 
Canadian Society for Chemical Ehgineering 
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Figure 2-19. Effect of dissolved hydrogen sulfide on vapor pressure of COP over 2.5 N 
monoethanolamine solution at 25%. Data ofMuh/&uef and Monaghan (7957) 
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Figure 2-20. Effect of H2S on the solubility of C02 in 2.5 krno1/m3 MEA solution at 40°C. 
(La/ et a/., 7 9 8 q  
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Mole Ratio in Liquid, C&/MEA 

Figure 2-21. EfFect of HzS on the solubility of COP in 2.5 kmoi/m3 MEA solution at 
100°C. (La1 et a/., 198q 

Figure 2-22. Effect of H2S on partial pressure of COP in 5.0 N MEA solution at 40°C (Lee 
et a/., 1975). Reproduced with permission from Journal of Chemical and Engineering 
DataJ Copyright 1975, American Chemical Society 
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Figure 2-23. Effect of CO, on the solubility of H,S in 2.5 kmol/m3 MEA solution at 40°C. 
(La/ et a/., 7 9 8 q  
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Figure 2-24. Effect of COP on the solubility of H,S in 2.5 kmol/m3 MEA solution at 
100°C. (Laletal., 1980) 
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MOLE RATIO IN LIQUID, HzSlMEA 

Figure 2-25. Effect of COP on partial pressure of H2S in 5.0 N MEA solution at 40°C. (Lee 
et a/,, 1975). Reproduced with permission from Journal of Chemical and Engineering 
Data, Copyrjght 1975, American Chemical Sociefy 
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Figure 2-26. Effect of temperature on COP vapor pressure for various COP 
concentrations in 2 N monoethanolamine solution. 
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Figure 2-27. Effect of temperature on vapor pressure of H2S for various H2S 
concentrations in 2 N monoethanolamine solution. 
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~ ~~ ~ 

Table 2-6 
Solubility of COP in 30 wt% MEA Solution 

~~ ~ ~ ~ 

25OC 60°C lOo0C 120% 
Mole Mole Mole Mole 

Pcoz Ratio Pcoz Ratio Pcs Ratio Pcoz Ratio 
19,936 1.25 19,893 1.11 19,812 0.94 17,723 0.86 
9,973 1.17 9,959 1.03 9,871 0.86 9,770 0.78 
2,996 1.04 2,977 0.88 2,899 0.71 2,804 0.64 
297 0.81 282 0.64 376 0.59 422 0.47 
55.1 0.65 34.1 0.57 39 0.42 47 0.35 
2.8 0.54 2.01 0.44 1.43 0.17 2.3 0.12 
0.06 0.44 0.06 0.20 0.14 0.057 0.098 0.025 
0.0021 0.21 0.0043 0.056 0.0072 0.012 0.0020 0.0033 
:Vote: 
Pm2 =partial pressure of C02 in kPa (I psia = 6.8948 P a )  
Source: Jou et al., 199jA 

Table 2-7 
Solubility of H# in MEA Solutlons 

Mole Ratio HZSMEA 
25OC 6OoC lO0OC l2OOC 

PH2S 2.5N 5.ON 2.5N 5.ON 2.5N 5.ON 2.5N 5.0N 
2,000 1.58 1.39 1.33 1.15 1.16 0.99 1.02 0.89 
1,OoO 1.30 1.12 1.56 1.00 0.99 0.85 0.89 0.75 
100 0.99 0.92 0.89 0.77 0.62 0.46 0.45 0.35 
10 0.82 0.72 0.55 0.42 0.23 0.15 0.15 0.11 
1 .o 0.47 0.40 0.21 0.14 0.07 0.04 0.05 - 
0.316 0.29 0.23 0.12 0.07 0.04 - 0.02 - 
0.1 0.16 - 0.07 - 0.03 - - - 

~ ~ - 1 - ~~~~~ 

Note: 
I .  P H ~  =partial presswe of €€$ m kPa (1 psi0 = 6.8948 Pa) .  
2. Values represent smoothed data-fmm test m I & .  
Source: Lee et al., I976A 



Table 2-8 
Sources of Solubility Data for C02 and H# in Aqueous DEA Solutions 

DEA Concentration 
Reference km0Ym3 (wt”/) Acid Gas 
Bottoms, 1931 (50%) COZ and H2S 
Mason and Dodge, 1936 0.5, 2.0, 5.0, 8.0 COZ 
Reed and Wood, 1941 2.5 COZ 
Leibush and Shneerson, 1950 0.97,2.0 HzS and mixtures 
Atwood et al., 1957 (10,25,508) h25 
Murzin and Leites, 1971 0.5, 1.0,2.0,5.0,8.0 c02 
Lee et al., 1972 0.5,2.0,3.5,5.9 COZ 
Lee et al., 1973A 0.5,5.0 HZS 
Lee et al., 1973B 0.5,2.0,3.5,5.0 H I S  
Lee et al., 1974A 2.0, 3.5 mixtures 
La1 et al., 1980 2.0 HzS, COz, and mixtures 
Lal et al., 1985 2.0 HzS, COz, and mixtures 
Kennard and Meisen, 1984 1 .O, 2.0, 3.0 COZ 
Maddox et al., 1987 0.5,2.0 c02 
Maddox and Elizondo, 1989 (20,35,50%) H2S and COP 
Ho and Eguren, 1988 (5.3,35,50,77.5%) COZ and mixtures 
Note: The DEA concentrations are generally stated in the same units as the reference, except that 
kmoUm3 is used instead of normali$ For DEA (molecular weight 105.14) the conversions for I ,  2. 
and 5 kmol/mJ are approximately 10.4,20.4, and 49.4 wt%. 

Figure 2-29. Solubility of COP in aqueous DEA solutions. Data of Maddoxand Elizondo 
(19as) 



mure 2-30. Vapor pressure of C02 vs. CO, concentration in 5 M diethanolamine solution. 
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Figure 2-31. Solubility of HS in aqueous DEA solutions. Lhta 0fMaddox and Elizondo 
(1989) 
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Figure 2-32. Effect of H2S on the solubillty of COP in 2.0 kmoVm3 DEA solution at 40°C. 
(Metal., 7 9 8 0 ~  

Figure 2-33. Effect of H2S on the solubility of C02 in 2.0 kmol/m3 DEA solution at 
100°C. (La/ et a/., 7 9 8 4  
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Figure 2-34. Effect of COP on vapor pressure of H2S over 2 N diethanolamine solution 
containing both C02 and H2S. 
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Figure 2-35. Effect of COP on the solubility of H2S in 2.0 kmoVm3 DEA solution at 40°C. 
(La/ et a/., 1980) 
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Figure 2-36. COP partial pressure curves for the Diglycolamine agent - H2S - C02 
system at 100°F, 65/35 arnine-water weight ratio. (Djngmm eta/,, 7983 
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Figure 2-37. COP partial pressure curves for the Diglycolamine agent - H2S - C02 - H20 
system at 180°F, 65/35 amine-water weight ratio. (Dingman ef a/., 1983) 
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Figure 2-38. H2S partial pressure curves for the Diglycolamine agent - H2S - COB - H20 
system at 1 OO'F, 65/35 amine-water weight ratio. (Dingman et a/,, 7983 
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Figure 2-39. H2S partial pressure curves for the Diglycolamine agent - H2S - COP - H20 
system at 1 80°F, 65/35 amine-water weight ratio. (Dingman et a/., 7983 
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(text continued from page 64) 

pressures as a function of the H2SDGA mole ratio for several C02/H2S mole ratios. Figure 
2-40 provides partial pressure versus mole ratio data for the two acid gases alone in a 60 
wt% DGA solution at 50°C and 100°C. The curves in this figure are based on data published 
by Martin et al. (1978). Other sources of VLE data for DGA solutions are Christensen et al. 
(1985) and Maddox et al. (1987). 

Diisopro panolamine 

VLE data on DIPA solutions with C02 and H2S are given by Isaacs et al. (1 977A and B). 
The first of these references provides data on the acid gases independently and is the basis for 
Figure 2-41, which shows the partial pressure of the acid gases versus mole ratio in the liquid 
for 2.5 M diisopropanolamine at 40°C and 100°C. Figures 2-42 and 2-43, which are from 
Isaacs et al. (1977B), show the effects of one acid gas on the other in 2.5N DIPA at 40°C. 

Methyldiethanolamine and Triethanolamine 

MDEA and TEA are both tertiary amines and have somewhat similar properties and appli- 
cations. Although TEA was the first to be used commercially, MDEA has become much 

0 0.2 0.4 0.6 0.6 1.0 1.2 

Mole Ratlo in rolutlon, Acld O../DGA 

Figure 2-40. Solubility of COP and H2S in 60 wt% DGA. Data of Martin eta/- (1978) 
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Figure 2-41, Equilibrium solubility of H2S and COP in 2.5 M diisopropanolamine 
solution. Data of /sacs et a/. (7977A) 

more important in recent years, both as a selective absorbent for H2S in the presence of COz 
and for the bulk removal of acid gases. As a result, current literature on MDEA is much 
more extensive than that on TEA. Sources of VLE data for COP and H2S in MDEA solutions 
are listed in Table 2-9. 
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Figure 2-42. Effect of COP on the partial pressure of HzS over a 2.5 kmol rn3 DlPA 
solution at 40°C, (Isaacs et al., 1977Ej. Reprinfed with permission thm the Canadian 
Journal of Chemical Engineering, Copynght 1977, Canadian Socieiy for Chemical 
Engineering 

MOLE RATIO IN LIQUID, CO@lR4 

Figure 2-43. Effect of H$ on the partial pressure of COP over a 2.5 kmol rn3 DlPA 
solution at 40°C. Isaacs et al. (1977B). Reprinted with permission h m  the Canadian 
Journal of Chemical Engineeflng, hpyright 1977, Canadian Socieiy for Chemical 
Engineering 
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Table 2-9 
Sources of Solubility Data for CO, and H2S in Aqueous MDEA Solutions 

Reference 
MDEA Concentration 

kmoum3 (WtYO) Acid Gas 

Jou et al., 1982 
Bhairi et al., 1984 
Chakma and Meisen, 1987 
Maddox et al., 1987 
Ho and Eguren, 1988 
MacGregor and Mather, 199 1 
Shen and Li, 1992 
Jou et al., 1993 

1.0,2.0,4.28 
1.0, 1.75,2.0 

1.69,4.28 
1.0,2.0 (and 20%) 

(23,49%) 
2.0 
2.6 

(35%) 

C02 and H2S 
C02 and H2S 

co2 
COZ and H2S 

mixtures 
CO, and H2S 

co2 
mixtures 

~ 

Note: 
The MDEA concentrations are generally stated in the same units as the reference, except that 
kmolhn-' is used instead of normality. For MDEA (molecular weight 119.1 7) the conversions for I ,  2. 
and 4.28 h 0 U m 3  are approximately 11.8,23.5, and 50 wtK 

Data on the solubility of acid gases in 4.28N MDEA at various temperatures are given 
in Figures 2-44 and 2-45 for C02 and H2S respectively. The solubility of H2S in 1.ON 
MDEA is described by Figure 2-46 (Jou et al., 1982). The effects of H2S on the solubility 
of C 0 2  and of C 0 2  on the solubility of H2S are shown in Figures 2-47 and 2-48, respec- 
tively. Limited data on the solubility of C02 and H2S in TEA solution are given in Figures 
2-49 and 2-50. 

Mixed Amines 

The commercial use of mixed amines for gas treating is a very recent development, and 
only limited data have been published to date. Li and Shen (1992) and Shen and Li (1992) 
give experimental data on the solubility of C 0 2  in several MDEA-MEA mixtures containing 
30 wt% total amine. Austgen et al. (1991) provide some solubility data for C 0 2  in aqueous 
mixtures of MDEA with MEA and DEA. Jou et al. (1994) report on the distribution of C02 
between the aqueous and vapor phases for mixtures of MDEA and MEA at temperatures of 
25,40,80, and 120°C, and COz partial pressures ranging from 0.001 to 19,930 Wa. 

Figure 2 5 1  (from Jou et al., 1994) presents a comparison of their data with those of Li 
and Shen (1992). The Jou et al. data are believed to be more accurate because the Li and 
Shen results do not agree with earlier Jou et al. (1982) results for MDEA nor with the data of 
Austgen et al. (1991). Figure 2-52, which is also from Jou et al. (1994), shows the effect of 
changing the amine mixture from pure MDEA to pure MEA (at a constant total amine con- 
centration of 30 wt% and a constant C02/amine mole ratio of 0.1) on the partial pressure of 
C 0 2  at several temperatures. 

(text continued on page 87) 
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Mole Ratlo in Llquld ( C02/MDEA) 

Figure 2-44. Effect of temperature on the solubility of GO2 in 4.28 kmoVm3 MDEA 
solution (Jou et a / ,  1982). Reprinted with permission from Industrial and Engineedng 
Chemisw, Process Design and Development, Wol. 21, No. 4, Copyright 1982, American 
Chemical Society 

Mole Ratio in Llquid ( HzWMDEA) 

Figure 2-45. Effect of temperature on the solubility of H2S in 4.28 kmol/ms MDEA 
solution (Jou et a/., 1982). Reprinted with permission from Industrial and Engineering 
Chemistry, Process Design and Development, Vol. 21, No. 4, Copyright 1982, American 
Chemical Socieiy 



Mole Rat& in liquid ( H&/MDEAI 

Figure 2-46. Effect of temperature on the solubility of H;ls in 1.0 kmol/m3 MDEA 
solution (Jou et al., 1982). Reprinted wit3 permission from Industrial and Engineering 
Chemistry, Process Design and Development, Vol: 21, No. 4. Copyright 1982, American 
Chemical Society 

7 

- 
Moles 

LL 

0.1 1.0 
Mole Ratio in Liquid (CO, /MDEA) 

Figure 2-47. Effect of H$ on the solubility of CO, In 2.0 h01/m3 MDEA solution at 
40°C. (Jou eta/., 1981) 
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Figure 2-48. Effect of CO, on the solubility of H f i  in 2.0 kmol/m3 MDEA solution at 
40°C. (Jou et a/., 1987) 
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Figure 2-49. Solubility of CO, in 5.0 M TEA solution. (Jou et&., 7985) 
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Figure 2-50. Solubility of H2S in 3.5 M TEA solution. (Jou et a/., 7985) 
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Figure 2-51. Solubility of COP in 6 wt% MEA + 24 wt% MDEA solution. Solid lines are 
interpolation of Jou et al. (7994) data. Points and dotted lines are Li and Shen (1992) 
data. Chart from Jou et al. (1994). Reproduced with permission from Industrial and 
Engineering Chemistry Research, Copyright 7994, American Chemical Society 
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Figure 2-52. Partial pressure of GO2 as a function of composition at a mole ratio (moles 
COP per mole MEA) of 0.1 for mixtures of MEA and MDEA with a total amine 
concentration of 30% (Jou et ai., 1994). Reproduced with permission from Industrial 
and Engineering Chemism Research, Copyright 7994, American Chemical Society 

(text continuedfronz page 82) 

Sterically Hindered Amines 

Commercial application of hindered amines to gas treating was pioneered by Exxon 
Research and Engineering Company as their Flexsorb system. Much of the design data are 
considered proprietary; however, a limited amount of VLE data has been published. A com- 
parison of the solubility of C 0 2  in 3 M MEA and 3 M 2-amino-2 methyl-I-propanol (AMP), 
a hindered amine, at 40°C and 120°C is given in Figure 2-53 (Sartori et al., 1994). More 
detailed information on the solubilities of COz and H2S in 2 and 3 M AMP are reported by 
Roberts and Mather (1988). Smoothed curves based on their data for COz and HzS in 2.0 M 
AMP are shown in Figure 2-54. 

Acid Gas-Amine Solution Equilibrium Correlations 

Considerable progress has been made in the development of generalized correlations for 
predicting phase equilibrium data for COz and H2S in aqueous amine solutions. The first 
practical and widely used model was proposed by Kent and Eisenberg (1976). Like all 
important subsequent models, the Kent Eisenberg correlation is based on defining the 
chemical reaction equilibria in the liquid phase. The key reactions identified are 
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hydrolysis of carbon dioxide: 

HzO + COz = H+ + HCO3- 

dissociation of water: 

HzO = H+ + OH- 
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Mob Ratlo, mole acid garhnob AMP 

Figure 2sA Solubility of GO2 and H2S in 2.0 M aqueous AMP. (Roberts and Maiher, 7 9 8 9  

dissociation of bicarbonate ion: 

HC03- = H+ -k C032- 

dissociation of hydrogen sulfide: 

H2S = H+ + HS- 

dissociation of bisulfide ion: 

HS- = H+ + S2- 

solution of carbon dioxide: 

pco2 = Go2 (C02) 

solution of hydrogen sulfide: 

PH2S = HH2S (H2s) 

(2-10) 

(2-1 1) 

(2-12) 

(2-13) 

(2-14) 
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The Kent-Eisenberg model assumes all activity coefficients and fugacity coefficients to 
be 1.0 (i.e., ideal solutions and ideal gases), and forces a fit between experimental and pre- 
dicted values by treating two of the reaction equilibrium constants as variables. The reac- 
tions so treated are the amine dissociation reaction (equation 2-6) and the carbamate forma- 
tion reaction (equation 2-7). Since tertiary amines do not form carbamates, a modified 
approach is required in developing a generalized correlation for these amines. Jou et al. 
(1982) describe such an approach for the correlation of HzS and COz solubilities in aqueous 
MDEA solutions. 

According to Weiland et al. (1993), the Kent-Eisenberg correlation provides a good fit 
between experimental and predicted values only in the loading range of 0.2 to 0.7 moles acid 
gas per mole of amine, and gives inaccurate results for mixed acid gases. However, it has the 
important advantage of computational simplicity, and has been incorporated into several 
computer models used for treating plant design. A comparison of VLE data predicted by the 
Kent-Eisenberg correlation and experimental data for the system MEA-HzO-COz is given in 
Figure 2-17. 

A more rigorous, and therefore more generally applicable model was proposed by Desh- 
mukh and Mather (1981). It uses the same chemical reactions in solution as the Kent-Eisen- 
berg correlation, but, instead of assuming activity and fugacity coefficients to be unity, val- 
ues for these coefficients are estimated and used in the calculation of liquid phase 
equilibrium constants and in the application of Henry’s law to the gas-liquid equilibrium. 
The basic elements required for the Deshmukh-Mather model are 

1. equilibrium constants for the chemical reactions 
2. Henry’s law constants for COz and HzS in water 
3. fugacity coefficients for gas phase components 
4. activity coefficients for all species in the solution 

Sufficient data and methods exist to permit reasonable estimates to be made for items 1,2, 
and 3. The approach has, therefore, been taken to accept these estimates, and to adjust the 
interaction parameters used in estimating the activity coefficients so that the final calculated 
equilibrium values match experimental data. In Deshmukh and Mather’s original publica- 
tion, a rather cumbersome method was used to solve the system of equations. Chakravarty 
(1985) proposed a simpler technique, which greatly reduces computation times. The 
improved model has been used for estimating VLE data in an absorption system simulation 
model developed by Sardar and Weiland (1985) and by Weiland et al. (1993) for evaluating 
and condensing a large amount of published data for MEA, DEA, DGA, and MDEA. The 
interaction parameters developed by Weiland et al. provide a sound basis for estimating VLE 
data for the most important commercial amines over a wide range of conditions. 

In a related study, Li and Mather (1994) used Pitzer’s excess Gibbs energy equations 
(Pitzer, 1991) to predict VLE data for the MDEA-MEA-H20-CO2 system using interaction 
parameters determined from experimental data for MDEA-H20-C02 and MEA-H20-C02 
systems. Li and Mather’s presentation provides insights into concentrations of various ionic 
and molecular species in the liquid phase when an acid gas is dissolved into a mixed amine 
solution. Figure 2-55, for example, shows how the concentrations of all key species vary 
with increasing COz/amine mole ratio in a solution containing 10 wt% MEA and 20 w t 8  
MDEA at 40°C. 

The most sophisticated, and probably the most accurate model available at this time was 
proposed by Austgen et al. (1991). This model is based on the electrolyte-NRTL model of 
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0.0 0.2 0.4 0.6 C.8 1.0 
loading (mol col/md amine) 

Figure 2-55. Liquid-phase concentration of a Cop-loaded 10 wt% MEA + 20 Wpm MDEA 
aqueous solutian at 40°C (Liand Mathec 1994). Reprinted with permission from 
Industrial and Engineering Chemistry Reseanh, Copyright 1994, American Chemical 
Society 

Chen and Evans (1986). Austgen et al. used the model to successfully correlate experimental 
VLE data for the systems MEL4-MDEA-H20-C02 and DEA-MDEA-H20-C02. The model is 
thermodynamically rigorous, but computationally complex, and has not been widely accept- 
ed for design applications. 

Amine Solution Vapor Pressures 

Data on the total vapor pressure of amine solutions as a function of temperature and amine 
concentration are necessary for the design of stripping columns and reboilers. Such data are 
presented in Figure 2-56 for MEA solutions, 2-57 for DEA solutions, 2-58 for DGA solu- 
tions, 2-59 for TEA solutions, 2-60 for DIPA solutions, and 2-61 for MDEA solutions. These 
charts can be used to determine the boiling point of an amine solution as a function of con- 
centration and pressure; however, they do not show the composition of the vapor phase. 
Vapor-liquid equilibrium composition charts for MEA and DGA solutions at selected pres- 
sures are given in Chapter 3. Additional data on amine solution vapor-liquid equilibrium can 
usually be obtained from the manufacturers. 

Heats of Reaction 
Data on the heats of reaction of amines with the acid gases are necessary for the genera- 

tion of individual tray and overall vessel heat balances for the absorber and stripper, the cal- 
culation of the amount of steam needed in the reboiler, and the estimation of heat duties of 
heat exchange equipment in the plant. As noted previously, the heats of reaction are not con- 
stants for each amine and acid gas, but generally decrease as the acid gas concentration in 
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Figure 2-58. Vapor pressure of aqueous MEA solutions as a function of temperature 
and concentration. (Dow, 7962) 

the solution increases. This effect is shown in Figure 2-62 from Li and Mather (1994) for 30 
wt% MEA, 30 wt% MDEA, and several mixtures of the two amines. The heat of rcaction (or 
enthalpy of solution) for C02 in MEA is almost constant at 85 KJlmol of C02 until a mole 
ratio of about 0.5 is reached (corresponding to formation of the carbamate) and then drops 
off rapidly. The heat of reaction of C02 and MDEA solution, on the other hand, starts at a 
lower value (about 62 KJlmol of Cod and starts dropping immediately, but at a lower rate 
than MEA, so that both have an enthalpy of solution for CO, of about 30 Who1 at a mole 
ratio of 1 .O mole C02/mole amine. 

The heat of reaction of H2S is generally lower than that of CO, for the same amine and 
decreases with concentration in the solution, but does not show the sharp break typical of C Q  
in MEA. In the design of absorbers and strippem it is common practice to use an integ.ltea 
heat of d o n  representing the total heat released @er mole of each acid gas) over the sole 
tion composition change from lean solution to rich solution (or vice versa in the stripper). 

A comprehensive study of the enthalpies of solution of CO, and H2S in amines was con- 
ducted under the sponsorship of the Gas Processors Association (GPA) at Brigham Young 
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Figure 2-57. Vapor pressure of aqueous DEA solutions as a function of temperature and 
concentration (Dow, 1964 

University. The results of these studies are presented in a series of research reports. Research 
reports RR-85 (Christensen et al., 1985), RR-102 (Merkley et al., 1986), and RR-108 (Hel- 
ton et al., 1987) provide data on C02 in aqueous diglycolamine, methyldiethanolamine, and 
diethanolamine solutions, respectively. Reports RR-114 (Van Dam et al., 1988) and RR-127 
(Oscarson and Izatt, 1990) give similar data on H2S in diethanolamine and methyldiethanol- 
amine, respectively. 

In general, the results of the GPA studies indicate that the enthalpy of solution for CO1 or 
H2S in any of the amines studied is essentially constant with solution loading up to the satu- 
ration point for the acid gas in the solution under the conditions of the tests. The enthalpy of 
solution was also found to be independent of acid gas partial pressure within the range stud- 
ied. Temperature and amine concentration in the solution were found to have varying effects 
on the different systems. These effects are indicated by the following equations developed in 
the studies to represent the experimental data: 
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Figure 2-58. Vapor pressure of aqueous DGA solutions as a function of temperature 
and concentration. ( J e t h o n  Chemical Co., 1969) 

COz in DGA solutions for T = 60 to 300"F, Pm, = 22.6 to 162.6 psia, and w = 10 to 60 - 
wt% DGA (Christensen et al., 1985): 

H (Btdlb C02) =-1.8 w -790 
(range of H -810 to -830 Btu/lb Cod  (2-15) 

C02 in MDEA solutions for T = 60 to 300"F, Pcoz = 22.6 to 212.6 psia, and w = 20 to 60 
wt% MDEA (Merkley et al., 1986): 

H (Btu/lb C02) = -0.9438 w - 0.6764 T - 400.76 
(range of H: -460 to -660 Btu/lb C02) (2-16) 
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Figure 2-59. Vapor pressure of TEA solutions as a function of temperature and 
concentration. (Dow, 7981) 

CO, in DEA solutions for T = 80 to 260, PCO, = 12.6 to 162.6 psia, and M = 2.0 to 5.0 
molar DFA (Helton et al., 1987): 

H (Btdlb COZ) = -0.6389 T -621.4 
(range of H -675 to -8 10 Bhdlb C02) (2-17) 
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TEMPERATURE, 'F. 

Figure 2-60. Vapor pressure of DlPA solutions as a function of temperature and 
concentration. (Dow, 7981) 

H2S in DEA solutions for T = 80 to 160"F, PHZs = 12.6 to 260 psi& and M = 2.0 to 5.0 
molar DEA (Van Dam et al., 1988): 

H ( B d b  H2S) = 0.1853 M - 0.6870 T -435.2 
(range of H -462 to -643 BWlb HIS) (2-18) 
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Figure 2-61. Vapor pressure of MDEA solutions as a function of temperature and 
concentration. (Union Carbide, 1985) 

H2S in MDEA solutions for T = 80 to 260°F, PHzs = 12.6 to 162.6 psia, and w = 20 and 50 
wt% MDEA (Oscarson and Izatt, 1990): 

H (Btuflb H2S) = -1.24 w - 0.831 1 T -307 
(range of H: -350 to -573 Btu/ lb H2S) (2-19) 

In equations 2-15 through 2-19, H is the enthalpy of sc-hon (Btu/lb acid gas), w is the 
weight percent amine in the solution, T is the temperature (OF), M is the molarity of the 
amine solution, and P is the partial pressure of acid gas (psia). The enthalpies are actually 
integral values representing all heat released in bringing the solution acid gas content from 
zero to the final loading (moles acid gas per mole amine). However, since the enthalpies of 
solution were found to be constant with loading for conditions covered by the previous equa- 
tions, differential and integd values are the same in this case. The negative enthalpy values 
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Figure 2-62. Enthalpy of solution of CO, in mixtures of MEA + MDEA as a function of 
loading (Jou et a/., 1994). Reproduced with pemjssion from Indudrial and Engineering 
Chemistry Research, Copyright 1994, American Chemical Sociefy 

indicate exothermic reactions. The units, Btdlb, can be converted to W k g  by multiplying 
by 2.325. Although heats of solution calculated by use of the previous equations are in fair 
agreement with other published values, other investigators have generally found heats of 
reaction to decrease with increasing acid gas loading. Examples of differential enthalpy of 
solution data on C02 and H2S in MEA, DEA, and MDEA from several sources are presented 
in Table 2-10. Approximate average integrated enthalpy values for typical commercial plant 
absorber conditions are given in Table 2-11. 

Physical Properties 

Figure 2-63 gives the specific gravity of six allcanolamines (at 20°C relative to water at 
ZOOC) as a function of the amine concentration in water. The effects of temperature on the 
specific gravity (or density) of MEA, DEA, DGA, and A D P  (DPA) solutions are shown in 
Figures 2-64 through 2-67. For amines not included in Figures 2-64 through 2-67, the spe- 
cific gravity at temperatures other than 20°C can be approximated from the Figure 2-63 
value by assuming a specific gravity vs. temperature curve slope similar to those of the other 
amine solutions. Recent data on the densities of binary mixtures of water with MEA, DEA, 
and TEA over the full range of compositions and over the temperature range of 25°C to 
80°C are given by Maham et al. (1994). 
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Table 2-1 0 
Differential Enthalpy of Solution for tl# and C02 in MEA, DEA, and MDEA Solutions 

Differential Enthalpy of Solution, KJ/Mol Acid Gas 
Mole Ratio MEA (2.5N) DEA 3.5 N MDEA (1428N) 

Acid GadAmine H2S co2 COZ HIS cot 
0.1 
0.2 
0.3 
0.4 
0.5 
0.6 
1 .o 
1.2 

- 
48.5 

47.6 

46.3 
24.6 
16.8 

- 

- 

- 
85.4 

66.0 

50.7 
29.5 
23.1 

- 

- 

- 
76.3 

65.4 

50.3 
32.4 
27.3 

- 

- 

41.3 60.9 

40.7 - 

39.0 54.3 

26.1 33.7 
19.7 - 

- - 

- - 

- - 

Sources: MEA data, Lee et al. (I974B); MDE4 data, Jou et al. (1982); DEA data, Lee et al. 11972) 

Table 2-11 
Approximate Integral Heats of Solution for Absorption of H f i  and C02 in 

Alkanolamine Solutions 

Integral Heat of Solution, B t d b  Acid Gas 
Amine H2S co2 
MEA 615 825 
DEA 510 700 
DGA 675 820 

MDEA 520 575 
TEA 430 465 
DIPA 475 720 

Notes: Values are approximate averagesfrorn several sowces; based on total heat released when 
acid gas is absorbedj-om a mole ratio of 0 to about 0.4 moles acid gas per mole of amine at 
100°F with typical commercial amine concentrations. 

Figures 2-68 through 2-71 give the viscosities of MEA, DEA, DGA, MDEA, and DIPA 
(ADP) as a function of temperature. Heat capacity data for the same amines are given in 
Figures 2-72 through 2-77. Figure 2-77 shows the effect of acid gas loading OI? the specific 
heat of aqueous amine solutions. It is based on MEA data, but is believed to be approximate- 
ly valid for other amines. 

The freezing points of aqueous solutions of the six most commonly used ahnolamines 
are depicted in Figure 2-78. It is interesting to note that all have low freezing points in the 
concentration range of about 50 to 80 wt%. This favors the use of concentrated solutions in 
regions where low temperatures are encountered, which, from a practical standpoint, favors 
amines, such as DGA, which are commonly used in a concentrated form. 

( r a t  conrinued on page I03j 



Figure 2-63. Specific gravity of aqueous alkanolamine solutions. ( G M ,  7994 
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Figure 2-64. Speciflc gravity of monoethanolamine solutions. 
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Figure 2-65. Specific gravity of diethanolamine solutions. 

Figure 2-60. Density of Diglycolamine solutlons. 



Figure 2-67. Specific gravity of ADlP solution. (&//y, 1967) 
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Figure 2-68. Viscosity of monoethanolamine solutions. 
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TEMPERATURE, O F  

Figure 2-69. Viscosity of diethanolamine solutions. 

(text conrinuedfrom page 99) 

The physical properties of aqueous solutions of the sterically hindered amine, 2-amino-2 
methy1-1-propanol (AMP) are described by Xu et al. (1991). Additional amine physical 
prop=rty data are available from manufactwm and process licensors. The volume of such 
data is so large that it would be impractical to include it all in this text. 

PROCESS DESIGN 

Design Approach 

The design of amine plants centers around the absorber, which performs the gas purifica- 
tion step, and the stripping system which must provide adequately regenerated solvent to the 
absorber. After selecting the amine type and concentration, as discussed in a previous sec- 
t i o ~  key items which need to be determined by the designer are the required solution flow 
rate; the absorber and stripper types (tray or packed), absorber and stripper heights and diam- 
eters: and the thermal duties (heating and cooling) of all heat transfer equipment. Various 

( t a t  continued on page 108) 
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Figure 2-70. Viscosity of Diglycolamine and methyldiethanolamine solutions. MDEA 
data from Tens et ai. (1994); DGA data from Jefferson Chemical Con (19ss) 
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Figure 2-71. Viscosity of ADlP solution. (Ba//y, 1967) 
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Figure 2-72. Heat capacity of monoethanolamine solutions. 

1.1 

- 
1.0 

2 0.9 
i 

- rn - 

2 (Ls 
0 

z 
Y 

0.7 

0.6 
a 4 0  60 80 I00 EQ 140 160 I80 200 220 240 

TEMPERATURE, *F 

Figure 2-73. Heat capacity of diethanolamine solutions. 
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Figure 2-74. Heat capacity of Diglycolamine solutions. 
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Figure 2-75. Effect of temperature on the heat capacity of MDEA solutions. (Based on 
data of Hayden et a/., 1983) 
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Figure 2-76, Specific heat of ADlP solution. (5a//y, 7961) 

Figure 2-77. E M  of acid gas loading on the specific heat of aqueous amine 
solutions. Data h m  Fluor Daniel (1995) 
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design approaches are employed depending on the type of gas treating application and the 
precision desired. Approaches used for predicting the required solution flow rate and estab- 
lishing basic equipment design parameters can be categorized as follows: 

1. Rule of Thumb Designs: This approach works surprisingly well for applications similar to 
existing operating systems. A typical MEA plant, for example, can be designed on the 
basis of an assumed net solution loading (e.g., 0.33 moles of acid gas per mole of amine), 
and an assumed steam consumption (e.g., 1 lb of steam per gallon of solution circulated) 
based entirely on experience correlations. Another rule of thumb is that about 20 sieve trays 
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will be required in both the absorber and the stripper. The above “rules” are applicable only 
if the unit is intended to provik- essentially complete removal of acid gas, the amine soh- 
ticm concentmion is relatively low (12-20 wt%), and the partial pressure of the acid gas 
relatively high (over about 1 psia). Pure rule of thumb designs are used only for “quickie“ 
hand calculation estimates of conventional systems. 

2. Approach to Equilibrium Method: This technique works only for nonselective absorp- 
tion. It is based on the premise that the theoretical maximum rich solution loading is rep- 
resented by equilibrium with the feed gas at absorber bottom conditions. Since this theo- 
retical maximum cannot be attained in practical equipment, it is customary to assume that 
an approach of 75-804 will be attained. This approach can be considered in terms of 
either a rich solution with an acid gas vapor pressure 75430% of the acid gas partial pres- 
sure in the feed gas, or a rich solution with an acid gas loading 75-80% of the loading in 
equilibrium with the feed gas. Both calculation methods are in use; however, the latter 
method tends to be more conservative (i.e., results in a higher design solution flow rate). 
When both H2S and CO, are present, they affext each other’s vapor pressure and this 
must be taken into account. Normally, it is assumed that both acid gases are absorbed 
completely from the feed gas. Carbon dioxide is a stronger acid in solution than hydro- 
gen sulfide and is therefore held more tightly by the amine. As a result, the H2S/C02 
ratio in the equilibrium vapor over the rich solution is usually higher than in the feed gas, 
and the H2S vapor pressure is often the controlling factor in determining the 75-805 
approach to equilibrium. 
The approach to equilibrium method is normally used together with selected “rule of 
thumb” correlations and rigorous thermal calculations in the design of nonselective treat- 
ing systems. Details of this technique 

3. Equilibrium-Based Tray Eflciency Techniques: This is the standard technique for the 
design of absorbem and smppers for nonreactive systems. A theoretical stage is consid- 
ered in which the liquid and gas phases attain equilibrium, then the performance of this 
theoretical stage is adjusted to represent a real tray by the use of a correction factor called 
the tray efficiency. With nonreactive systems, the tray efficiency can be correlated by con- 
sideration of gas and liquid properties, tray design, and flow dynamics. However, with 
amine plants, where chemical reactions occur in the liquid, the correlation of tray efficien- 
cy is much more complex because the d o n s  affect both the equilibrium relationships 
and the rate of absorption. Similar problems occur with the H E P  concept for packed tow- 
ers, which also uses an equilibrium-based theoretical plate. Nevertheless, equilibrium 
based tray efficiency methods are sometimes used because they are convenient, adaptable 
to graphical analysis, and amenable to either manual or computer calculations. 

4. Rate-Based A4pproach: This approach is based on analyzing the mass and heat transfer 
phenomena occurring on an actual tray (or section of packing) rather than on a “theoreti- 
cal” tray or in a packing height equivalent to a theoretical plate. The basic procedure was 
developed by Krishnamurthy and Taylor (1985A and B) for tray and packed towers, 
respectively, operating with nonreactive systems. The method considers each actual tray 
individually, and is based on separate mass and heat balances for each phase, which are 
solved simultaneously with mass and energy rate equations on the tray. Because of the 
large number of simultaneous equations to be solved, the rate-based approach is applica- 
ble only to computer calculation. 
The problem becomes even more complex when chemical reactions occur in the liquid 
phase. The reactions affect both the vapor-liquid equilibrium and the rate of mass transfer. 
However, correlations have been developed to predict vapor-liquid equilibria for amine- 

provided in subsequent sections of this chapter. 



acid gas systems (as discussed in a previous section), and to predict mass transfer rates 
with chemical reaction based on an enhancement factor to include the reaction effects (see 
Chapter 1). These have been used by several investigators to develop rate-based, nonequi- 
librium stage computer mod& for amine process absorbers and strippers. An example of 
such a model is described in detail by Sardar and Weiland (1985). An alternative 
approach, proposed by Tomcej et al. (1987), uses a sophisticated nonequilibriurn stage 
model to determine tray efficiency values for C02 and H2S absorption in alkanolamine 
solutions. Rate-based, nonequilibrium stage models have been used in commercial com- 
puter programs. 

Computer Programs 

Several computer programs have been developed for designing and simulating amine 
plants. Development of the Dow Chemical amine plant simulator is described by Katti and 
Langfitt (1986A and B). The absorber simulator includes models to predict vapor-liquid 
equilibria, reaction kinetics, hydrodynamics, and the effect of reactions on mass transfer. 
Thermal parameters included in the model are the heats of reactions, heat transfer between 
phases, and latent heats of evaporation andor condensation. According to Katti and Langfitt 
(1986B), the Dow simulator on average solves a set of 200 coupled nonlinear equations per 
pass through the column. 

Computer programs which have been reported to be commercially available for use in 
designing amine plants are 

Program Licensor Reference 

AMSIM 

APM Oklahoma State University, Vaz et al. (1981) 

Gas Plant Taylor, Weiland & Associates Vickery et al. (1988) 
TSWEET Bryan Research & Engineering Bullin and Polasek (1982); 

D. B. Robinson & Associates, Ltd. 
Alberta, Canada 

Stillwater, OK 

Tomcej et al. (1987) 
Zhang et al. (1 993) 

Bryan, TX King et al. (1985); 
Polasek et al. (1992) 

These programs were included in a list published by Manning and Thompson (1991). 
Some may no longer be available. Also, most of the commercial process plant simulation 
programs (PROLI, Hysim, Aspen Plus) have amine plant simulation capability. Of all the 
commercial amine plant simulators, TSWEET is probably the most popular. 

A common problem with many of the commercially available programs is their inability to 
make an accurate prediction of the lean amine solution composition and therefore the product 
gas purity. As a result, it is good practice to check stripper performance predicted by a comput- 
er program with correlations derived from actual plant experience when available. For applica- 
tions where little or no plant data are available, such as selective absorption systems. the com- 
puter models are the only practical design tools. Furthermore, the models are continually being 
upgraded, so deficiencies noted in previous versions may be resolved in more recent editions. 
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Tray Versus Packed Columns 

Although bubble-cap trays and raschig ring packings were once commonly used in amine 
plant absorbers and strippers, modem plants are generally designed to use more effective 
trays (e.g.. sieve or valve types) and improved packing shapes (e.g., Pall rings or high-per- 
formance proprietary designs). Very high-performance structured packing is seldom used for 
large commercial gas treating plants because of its high cost and sensitivity to plugging by 
small particles suspended in the solution. 

The choice benreen trays and packing is somewhat arbitrary because either can usually be 
designed to do an adequate job, and the overall economics are seldom decisively in favor of 
one or the other. At this time, sieve tray columns are probably the most popular for both 
absorbers and strippers in conventional, h g e  commercial amine plants; while packed columns 
are often used for revamps to increase capacity or efficiency and for special applications. 

Tray columns are particularly applicable for high pressure columns, where pressure drop 
is not an important consideration and gas purity specifications can readily be attained with 
about 20 trays. Packing is often specified for C02 removal columns, where a high degree of 
C02 removal is desired and the low efficiency of trays may result in objectionably tal! 
columns. Packing is also preferred for columns where pressure drop and possible foam for- 
mation are important considerations. Packing should not be used in absorbers treating unsat- 
urated gases that can readily polymerize (propadiene, butadiene, butylene, etc.) as gum for- 
mation can lead to plugging of the packing. Also, packing should not be used in treating 
gases containing H2S which are contaminated with oxygen because of the potential for plug- 
ging with elemental sulfur. General factors affecting the choice between tray and packed 
towers are discussed in Chapter 1. 

Table 2-12 gives a comparison of trays and packing based on an analysis by Glitsch. Inc. 
and presented by Gangriwala (1987). In the table, valve trays on 24-in. spacing are assigned 
capacity and efficiency indexes of 100, and various other column internals are assigned com- 
parative values. The data show, for example, that a column can be modified to give 132% of 
the original capacity at the same efficiency by converting from valve trays at Win. spacing 
to #3 Cascade Mini Rings. Alternatively, the efficiency of a trayed column can be increased 
at essentially the same (or slightly higher) capacity by converting to #2 or #2.5 Cascade Mini 
Rings. Conventional random packings (Ballast Rings) do not show any significant 
capacity/efficiency advantages over trays: however, they maj7 offer other advantages such as 
a low pressure drop. Although the table covers only Glitsch products, it should be noted that 
other vendor products in the same categories show very similar performance characteristics. 

The effect of contactor design on the selectivity of amine solutions for absorbing H,S in the 
presence of C02 has been studied by Darton et al. (1987). They conclude that selectivity, as 
represented by the ratio of overall mass transfer coefficients for H2S and CO?, is about the 
same (100) for trays and ?-in. Pall rings in a MDEA contactor operating at atmospheric pres- 
sure. Their work indicates that even higher selectivities should be possible with alternative con- 
tactor designs, such as cyclones, centrifuges, and cocurrent gadliquid flow tubes. 

Vickery et al. (1988) compared valve trays with 2-in. steel Pall rings for treating high- 
pressure natural gas with 50% MDEA solution. The results of this analysis, based on GAS- 
PLANT software, are given in Table 2-13, These results, which indicate a much higher 
selectivity for Pall.rings than for valve trays, do not appear to agree with those of Darton et 
al. (1987): however, the two studies were based on widely different operating pressures, and 
other parameters may also have differed substantially. 
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Table 2-12 
Performance Comparison of Trays and Packing 

Capacity Index Efficiency Index 
Valve Trays 
%-in. spacing 100 (1) 
18-in. spacing 83 
30-in. spacing 114 

1.5-in. 83 
2-in. 91 
3.5-in. 121 

Conventional Random Packing (Ballast Rings) 

High-Performance Random Packing (Cascade Mini Rings) 
#2 98 
a . 5  109 
#3 132 

Structured Packing (Gempak) 
4A 88 
3A 109 
2A 125 
1A 167 

100 (1) 
133 
80 

123 
100 
88 

143 
120 
100 

385 
268 
188 
109 

Note: 
I .  Basis for comparison. valve trays at 24-in. spacing = 100. 
Source: Gangriwala (1987) 

Column Diameter 
After establishing the liquid and gas flow rates, the column operating conditions, and the 

physical properties of the two streams, the required diameters of both the absorber and strip- 
ping column can be calculated by conventional techniques. For packed towers, correlations 
of the type proposed by Sherwood et al. (1938), and later modified and improved by Elgin 
and Weise (1939): Lobo et al. (1944), Zenz and Eckert (1961), Kister and Gill (1991), and 
others, have proven to be satisfactory for amine solutions. Pressure drop and flooding data 
for proprietary packing designs are available from the manufacturers. Additional information 
on the design of packed towers is given in Chapter 1, and the subject is covered in detail by 
Smgle (1994). It is usually necessary to use a conservative safety factor in conjunction with 
published packing correlations because of the possibility of foaming and solids deposition in 
gas treating applications. 

The determination of tray column diameters is also discussed in Chapter 1 and covered in 
detail in standard chemical engineering texts such as Perry’s Chemical Engineer’s Hand- 
book (1963) and the Handbook ofseparation Process Technology (Fair, 1987). Data on pro- 
prietary tray designs are normally supplied by the manufacturers. 
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Table 2-1 3 
Trays vs. Packing in Selective Treating with 50% MDEA Solution 

Field Data Calculated Data 
14 Valve Trays 14 Valve Trays 30 ft of Pall Rings (2") 

Feed Gas 
Pressure, psia 915 915 915 
CO?, vol% 4.0 4.0 4.0 
HIS, ~01% 0.4 0.4 0.4 

Product Gas 
H:SI ppmv 8-12 11.2 2.57 
co:, volC/c. 1.8-2.2 1.85 3.05 
C02 slip, % 45-55 45.1 75.2 

Location mid-tower mid-tower 
Temperature Bulge 

Temperature,"F 171 1% 
Rich Solvent 

Moles C02/mole amine 0.597 0.273 
Moles H2S/mole amine 0.1094 0.1094 
Moles acid gas/mole amine 0.706 0.382 

Source: Vickery et 01.. 1988 

Figure 2-79 is a highly simplified chart for estimating the required diameters for tray-type 
amine plant contactors. Similar charts are provided by Maddox (1985). Manning and 
Thompson (1991) suggest using the Souders-Brown equation (Chapter 1, equation 1-22) 
with an empirical constant of 0.25, reducing the gas velocity by 25 to 35% to avoid jet flood- 
ing and by 1 5 8  to allow for foaming. They also suggest limiting the liquid velocity in the 
downcomers to 0.25 ft/sec. 

The stripping column diameter can be determined by the same procedures as used for the 
absorber. Maddox (1985) provides approximate diameter (and height or len,$h) requirements 
for the stripping column and other regeneration system vessels as a function of the amine 
solution flow rate. 

Column Height 

Experience-Based Height Determination 

Column heights for amine plant absorbers and strippers are usually established on the basis 
of experience with similar plants. Almost all installations that utilize primary or secondary 
amines for essentially complete acid gas removal are designed with about 20 trays (or a 
packed height equivalent to 20 trays) in the absorber. In bulk acid gas removal applications, 
experience has shown that if a 20-tray column is supplied with sufficient amine so that the 
rich solvent leaving the absorber has an acid gas loading that is 75 to 80% of the equilibrium 
value, then the amine on the upper 5 to 10 absorber trays is very close to equilibrium with the 
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Figure 2-79. Approximate diameter required for baytype amine plant absoaers. (Iolan 
and Manning, 1- 

H2S in the treated gas leaving these trays. Therefore, in these circumstances, the H2S content 
of the treated gas is independent of the absorber design and depends only on the lean amine 
temperature and the amine regenemtor performance. Absorbers with 20 trays can usually 
meet all common treated gas COz specifications; however, more than 20 trays may be 
required if C02 in the treated gas is to be close to equilibrium with the lean amine. Therefore, 
in applications such as synthesis gas treating, where it is advantageous to reduce the C@ con- 
tent of the treated gas to very low levels, absorbers containing more than 20 trays or the 
equivalent height of packing are often specified. 

As previously noted, in typical 20-tray absorbers, the bulk of the acid gas is absorbed in the 
bottom half of the column, while the top portion serves to remove the last traces of acid gas and 
reduce its concentration to the required product gas specification. With sufficient trays and 
amine, the ultimate purity of the product gas is limited by equilibrium with the lean solution at 
the product gas temperature. When water washing is necessary to minimize amine loss (e.g., 
with low-pressure MEA absorbers), two to four additional trays are commonly installed above 
the acid gas absorption section. A high efficiency mist eliminator is recommended for the very 
top of the absorber to minimize carryover of amine solution or water. 

Stripping columns commonly contain 12 to 20 trays below the feed point and two to six 
trays above the feed to capture vaporized amine. Split stream plants obviously require more 
trays. One unit, for example, employs a total of 33 trays in the stripping column with chim- 
ney trays at the base and at the seventeenth tray from the bottom (Bellah et al., 1949). The 
less volatile amines, such as DEA and MDEA, require fewer trays above the feed point to 
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achieve adequate recovery of amine vapors. Typical DEA and MDEA stripping columns use 
two to four trays, while MEA systems use four to six trays above the feed point Equilibrium 
conditions alone would indicate that the above numbers are overly conservative; however, 
the trays above the feed point serve to remove droplets of amine solution, which may be 
entrained by foaming or jetting action, as well as amine vapor. 

Overall Gas Absorption Coefficients 

Early studies on the absorption of C02 and H2S were reported in terms of the overall gas 
absorption coefficient (&a) and the Murphree vapor phase tray efficiency (Em) for packed 
and tray columns, respectively. Both approaches were based on the assumption that the 
absorption rate is controlled by the vaporfiquid equilibrium, which is an oversimplification 
when a chemical reaction occurs in the liquid. However, the approaches are very simple to 
use and can be helpful when comparing data for the same amine and acid gas at similar o w -  
ating conditions. 

Early experimental studies of the rate of absorption of C02 and H2S in alkanolamines in 
packed towers were reported by Cryder and Maloney (1941), Gregory and Scharmann 
(1937), Wainwright et al. (1952), Benson et al. (1954, 1956), Teller and Ford (1958), 
Leibush and Shneerson (1950), Shneerson and Leibush (1946), and Eckart et al. (1967). 
Packed column performance data on the absorption of HzS in MDEA solutions in the pres- 
ence of C02 were presented by Frazier and Kohl (1950) and Kohl (1951). Much of the early 
work on acid gas absorption in alkalis and amines was reviewed by Danckwerts and ShamLa 
(1966), who proposed design procedures based on fundamental concepts. 

Most of the recent studies on the development of design techniques for packed towers have 
been based on the use of an enhancement factor to account for the effect of chemical reaction 
on the liquid phase mass transfer. The empirical approach using &a based on overall gasfliq- 
uid equilibria is losing favor, but still occasionally used. Strigle (1994), for example, describes 
the use of &a values for amine plant design. He provides Koa values for the absorption of 
Cor! by NaOH solution and notes that a 3 N MEA solution will produce a Koa for C02 
absorption about twice that of 1 N NaOH under the same conditions; the &a for C02 absorp- 
tion is about 40% of that for H$ absorption under the same conditions; and the &a for 
absorption into DEA solution is only about 50 to 60% of that for MEA solution of the same 
normality. The reported + values must be used with extreme caution because of the strong 
effects of variables such as acid gas partial pressure on the mass transfer coefficient. 

Theoretical Stages and Stage Efficiencies 

The theoretical stage approach is still employed in several design procedures. It is particu- 
larly useful for the design of plants for C02 removal where a high removal efficiency is 
desired, and for the design of MEA stripping columns, where high tray efficiencies are 
encountered. Gagliardi et al. (1989), for example, suggest that contactor and strippers be 
sized by graphically determining d e  required number of theoretical stages, and then apply- 
ing appropriate tray efficiency or HETP values. They base their design procedure on Air 
Products & Chemicals, hc.'s (APCI) extensive experience with MEA plants that remove 
CO, from high-pressure hydrogen and synthesis gas. 
APCI plants operate with C02 partial pressures from 5 to 75 psia, C 0 2  removals to less 

than 100 ppmv, and MEA concentrations up to 32%. The systems are designed with reflux 
ratios of 1.0 to 1.2 moles H20 per mole of C 0 2  in the stripper overhead; lean solution load- 
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ings of 0.15 to 0.2 mole C02 per mole amine (0.16 to 0.18 preferred); and a fmal rich solu- 
tion loading of 0.45 to 0.55 moldmole. Under these conditions, the absorber requires 3 to 4 
equilibrium stages, and the stripping column requires 6 to 18 theoretical stages. Typical tray 
efficiencies and HETP values suggested by Gagliardi et al. (1989) are given in Table 2-11. 
Detailed operating data from performance tests conducted on an ammonia plant MEA COz 

Table 2-14 
HETP and Tray Efficiency Ranges for C02 Removal Plants Operating on 

Hydrogen or Synthesis Gas 

Service Type of Packing Typical HETP Ranges, ft 

Absorber 1 %in. high eff. rings 10 
Absorber 2-in. high eff. rings 12 

Stripper 2-in. high eff. rings 3 4  

HETPs 

Absorber Saddle packing 10-16 
Stripper 1%-in. high eff. rings 2-3 

stripper Saddle packing 3-6 
Tray Efficiencies 

Absorber 15-308 
stripper Column ~ 7 0 %  

Source: Gagliardi et al., 1989 

removal unit are given in Table 2-15. The data were taken before and after the absorber and 
stripper columns were converted from trays to packing. The results indicate overall vapor 
tray efficiencies of 18% in the absorber and 7 0 8  in the stripper before the conversion, and 
HETP values of 8.1 ft in the absorber and 2.1 ft in the stripping column after the conversion. 

Figure 2-80 shows a typical absorber tray diagram for the absorption of C02 in MEA 
solution. This figure is based on actual plant data from a 16 bubble-cap tray absorber treat- 
ing atmospheric pressure flue gas for COz recovery. Because of the low values of solution 
loading involved, the equilibrium line is almost coincident with the x-axis and is not shown. 
A pseudo-equilibrium line (dashed) has been drawn to represent actual gas and liquid com- 
positions from each tray. The plate efficiencies in this column v q 7  from about 14% in the 
bottom of the column to slightly over 16% at the top. 

Figure 2-81 shows an approximate tray diagram for a column stripping COz from 17 wt% 
MEA solution. The equilibrium curve is based on an extrapolation of available vapor pres- 
sure data. The concentration in the liquid is expressed as mole fraction COz relative to both 
water and monoethanolamine because the water content of the solution varies between the 
feed point and the reboiler. The assumed conditions for the stripping operation are: (a) a 
pressure of 24 psia and a temperature of 240°F at the reboiler, and (b) 20 psia and 208°F at 
the top of the column. As can be seen, eight theoretical trays and sufficient steam to produce 
2.1 moles HzO per mole of C02 leaving the stripping section result in a lean solution con- 
taining 0.14 mole COz per mole MEA from the reboiler. Because of the shape of the equilib- 
rium curve, additional trays would be of little value in reducing the required reflux ratio. The 
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Table 2-1 5 
Performance of Ammonia Plant MEA C02 Removal System with 

Tray and Packed Columns 

Tray Packed 
Columns Columns (3) 

MEA Solution Concentration, wt% 31.5 
C02 Removal, tondday 1,018 
Lean Loading, moledmole 0.18 

MEA Circulation Rate, gpm 2,450 
Rich Loadin,., moledmole 0.5 1 

Regenerator Heat Duty, MMBtu/hr 123.7 
C02 Leakage, ppmv 502 
Absorber 
Pressure drop, psi 9.3 
Temp. rise."F 53 
Bottom temp.,'F 204 
Active height, number of trays or feet of packing 20 trays 
No. of theoretical stages (1) 
Tray efficiency, 8 or HETP, ft  

3.60 
18% 

Stripper 
Pressure drop, psi (2) 4.5 
Bottom pressure, psig 12.0 

Reflux ratio, moles water vapor/mole C02 
Bottom temp.,'F 249 

1.5 
Active height, number of trays, or feet of packing 17 trays 
No. of theoretical stages 12.8 
Tray efficiency, % or HETF', ft  70% 

Notes: 
1. Includes inlet gas sparger in absorber bottoms (one theoretical stagej. 
2. Includes overhead piping and condenser. 
3. Conversion from tray to packed columns included other minor system changes. 
Source: Gagliardi et al. (1989) 

31.1 
1,124 
0.18 
0.53 
2,350 
131.1 
27 

5.4 
50 
166 

31.5 ft 
3.88 
8.1 ft 

2.5 
10.0 
245 
1.2 

31.5 ft 
15.0 
2.1 ft  

performance indicated by the diagram of Figure 2-81 is typical of stripping columns con- 
taining 12 to 16 trays below the solution feed point, indicating overall average tray efficien- 
cies for stripping C02 from MEA in the 5 0 4 7 %  range. 

Rigorous Column Design Approaches 

The previous discussions cover column design procedures based primarily on empirical 
data. Such procedures have proven adequate for plants designed essentially for complete 
removal of acid gases from gas streams because an overly conservative design, with a few 
extra trays, can only improve performance. This is not true for selective absorption, howev- 
er, because too many trays can destroy selectivity; while too few can cause the poduction of 
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Figure 2-80. Graphical analysis of plate-efficiency data for COP absorption with 14.5% 
aqueous monoethanolamine in an atmospheric pressure bubble-cap column. Data of 
Kohl (1956) 

off-spec gas. As a result, the expanding usage of selective absorption systems has forced 
designers to develop more sophisticated column design techniques. This development work 
has generally started with attempts to accurately model the phenomena occurring at the gas- 
liquid intefiace. A key parameter in this modeling is the enhancement factor, E, which is 
defined as the ratio of the actual liquid phase mass transfer coefficient, kL, to the mass trans- 
fer coefficient that would be experienced under the same conditions if no chemical reaction 
occurred in the liquid, kLo. 

E = kL/kLo (2-20) 

Equation 2-20 can be used to calculate kL after ho and E are determined. The value of ko 
is readily estimated by the use of conventional correlations for physical absorption, which 
take into account the system hydraulics and physical conditions at the interface. The value of 
E is more difficult to determine because it requires information on both the rate and order of 
the reaction involved; however! a considerable amount of such data is becoming available. 
Both kL and ko are, of course, affected by fluid mechanics, but fortunately their ratio, E, is 
relatively unaffected. Comprehensive discussions of the theory of mass transfer with chemi- 
cal reaction are given in texts by Astarita (1967), Danckwerts (1970), and Astarita et al. 
(1983) and will not be presented here. 

Tomcej et al. (1987) proposed a nonequilibrium stage model to simulate the performance 
of real stages in amine contacfors using mass transfer rates to calculate acid gas tray efficien- 
cies. The model was the basis for the AMSIM simulation program in which individual com- 
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Figure 2-81. Calculated plate diagram for stripping of C02 from aqueous 
monoethanolamine solutions. 

ponent stage efficiencies rn calculated based on kinetic rate constants, interfacial area, tray 
hydraulics, operating conditions, and physico-chemical properties of the system. In the origi- 
nal model [Tomcej et al.. 1987), the bulk amine concentration was used to calculate 
enhancement factors. 

Rangwala et al. (1989) modified the AMSIM model to use interface amine concentrations 
rather than bulk concentrations to calculate enhancement factors for C02 absorption. They 
then used the modified model to calculate tray efficiencies for the absorption of COz in solu- 
tions of DEA, MDEA, and MEA. Selected results of this study are given in Table 2-16. 
Since details of the tray design and operating conditions are not given, the efficiency values 
cannot be used for general design purposes; however, the results are of interest in showing 
the significant variations in efficiency over the length of a column and the wide differences 
between the three amines s ~ d i e d .  
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Table 2-1 6 
COP Tray Efficiencies Calculated by AMSIM Simulation Program for 

Three Amine Solutions 

DEA MDEA MEA 

Inlet Pressure, psig 465 955 820 
Amine Feed 

wt% Amine 35 45 18 
Temp.,"F 100 120 110 

Gas Feed 
CO1, mole % 2.7 3.8 1.16 
H2S, mole % 15.3 0 1.43 
Temp.,"F 90 90 100 

Number of Trays 20 20 20 
CO1 Tray Efficiency 

TOP tray 12.0 4.8 14 
Max. efficiency 16.3 8.7 45 
Tray No. from bottom, max. efficiency 19 16 15 
Bottom tray 13.0 4.6 37 

Note: Eficiencies are approximate values as calculated by modified version ofAMSZM. 
Source: Rangwala et al. (1989) 

The recent trend in column simulation models is to avoid the concept of tray efficiency en& 
ly. It is considered more relevant to predict what actually occurs on a tray than to predict how 
closely the gas and liquid tray products approach an equilibrium condition that does not actually 
exist anywhere in the column. The new rate approach to the simulation of amine plant contac- 
tors (or strippers) determines the degree of separation on each actual tray (or section of packing) 
by considering (1) material and energy balances, (2) mass and energy transfer rate models, (3) 
vapor-liquid equilibrium models, and (4) reaction rate effects models. Design of columns by this 
approach is entirely by computer. A brief review of some of the literature follows. 

The basic rate approach for non-reactive systems has been described in detail by Krishna- 
murthy and Taylor (1985A, B). The approach was modified to cover CO, and H2S absorp- 
tion in alkanolamines by Cornelissen (1980), and alkanolamine regeneration by Weiland and 
Rawal(l980). Further improvements and comparisons with plant data were made by Sardar 
and Weiland (1984, 1985). Use of the rate-based model for amine blends and promoted 
amine solutions is described by Campbell and Weiland (1989) and Vickery et al. (1988). 
Tomcej (1991) proposed a model that extended the Krishnamurthy and Taylor (1985A, B) 
method by the addition of an unsteady-state, finitedifference mass transfer model to define 
the concentration profiles of absorbing and reacting species in the liquid. Tomcej (1992) pro- 
posed an improvement to his 1991 model which provides a more accurate representation of 
the concentration gradients in the liquid phase as it flows across a tray. 

Absorber Thermal Effects 

The absorber acts as both a reactor and a heat exchanger. Considerable heat is released by 
the absorption and subsequent reaction of the acid gases in the amine solution. A small 
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amount of heat may also be released (or absorbed) by the condensation (or evaporation) of 
water vapor. To avoid hydrocarbon condensation the lean solution is usually fed into the top 
of the absorber at a slightly higher temperature than that of the sour gas, which is fed into the 
bottom. As a result, heat would be transferred from the liquid to the gas even in the absence 
of acid gas absorption. The heat of reaction is generated in the liquid phase, which raises the 
liquid temperature and causes further heat transfer to the gas. However, the bulk of the 
absorption (and therefore heat generation) normally occurs near the bottom of the column, so 
the gas is first heated by the liquid near the bottom of the column, then cooled by the incom- 
ing lean solution near the top of the column. 

When gas streams containing relatively large proportions of acid gases (over about 5%) 
are purified. the quantity of solution required is normally so large that the purified gas at the 
top of the column is cooled to within a few degrees of the temperature of the lean solution. 
In such cases essentially all of the heat of reaction is taken up by the rich solution, which 
leaves the column at an elevated temperature. This temperature can be calculated by a simple 
heat balance around the absorber since the temperatures of the lean solution, feed gas, and 
product gas are known, and the amount of heat released can be estimated from available heat 
of solution data. -4 typical temperature profile for an absorber of this type is shown in Figure 
2-82. This profile is for a glycol-amine system; however, very similar profiles have been 
observed for ME.4 and DGA plants. 

The temperature “bulge” is a result of the cool inlet gas absorbing heat from the rich solu- 
tion at the bottom of the column, then later losing this heat to the cooler solution near the 
upper part of the column. The effect is similar to that of preheating air and fuel to a burner 
with the combustion products to increase the temperature in the flame zone. The size, shape, 
and location of the temperature bulge depend upon where in the column the bulk of the acid 
gas is absorbed, the heat of reaction, and the relative amounts of liquid and gas flowing 

Figure 2-82. Temperature and composition profile for treating plant absoher handling 
a gas stream containing a high concentration of acid gas. 
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through the column. In general, for C02 absorption, the bulge is sharper and lower in the col- 
umn for primary amines, broader for secondary amines, and very broad for tertiary amines, 
which absorb C02 quite slowly and also have a low heat of solution. 

Since heat is transferred from the hot liquid to the cooler gas at the bottom of the column 
and in the opposite direction near the top, the temperature profiles for gas and liquid cross 
each other near the temperature bulge. This effect is shown in Figure 2-83, which gives 
computer generated curves reported by Sardar and Weiland (1985) for an absorber treating 
840 psig natural gas containing 7.56% C02 and a trace of H2S with a 27 wt% DEA solution. 
The temperature bulge is unusually broad because the solution is allowed to attain a very 
high loading and very little C02 absorption occurs in the bottom quarter of the column. 

The effect of the liquidgas ratio on the bulge is illustrated in Figure 2-84. The diagram 
depicts the absorption of C02 in a solution of MDEA. As the flow rate of amine is 
decreased, the temperature bulge increases in magnitude and moves up the column. The 
curves are based on the data of Daviet et al. (1984) for a small plant treating natural gas. 
Operating conditions for the three runs are summarized in Table 2-17. 

When the feed gas contains very little acid gas, the quantity of solution required may be so 
small relative to the gas that the gas leaving the contact zone will carry more of the reaction 
heat than will the liquid. In the extreme case illustrated in Figure 2-85, the rich solution is 

12.0 

Gas Comporilion, Vol K CO, 

Figure 2-83. Composition and temperature profile of absorber employing 27% DEA 
solution to absorb COP from high pressure natural gas based on computer simulation. 
Data of Sardar and Weiland (1 985) 
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Figure 2-84. Temperature profiles for 21 -tray absorber treating 31 MMscfd of natural 
gas with various flow rates of 33% MDEA. Based on data of Daviet ef a/. (1984) 

cooled to approximately the temperature of the incoming gas before it leaves the column, 
and essentially all of the heat of reaction is taken out of the column by the product gas 
stream, which raises the temperature at the top of the column. This type of operation can 
cause problems with product gas purity because the high temperature at the top of the col- 
umn adversely affects HIS equilibrium. An empirical correlation used for estimating h0~7 
much of the heat of reaction leaves with the product gas and how much with the rich solution 
is described later in this chapter in the section entitled ‘Simplified Design Procedure.’‘ 

Stripping System Performance 
In conventional stripping operations, heat is supplied to the column by steam or by a heat 

medium within tubes in the reboiler. Sufficient heat must be supplied to: (a) provide sensible 
heat to raise the temperature of the feed solution to the temperature of the lean solution leav- 
ing the reboiler, (b) provide sufficient energy to reverse the amine-acid gas reaction and dis- 
sociate the amine acid-gas compounds, and (c) provide the latent and sensible heat required 
to convert reflux water into steam which serves as the stripping vapor. 

The quantity of stripping vapor required depends upon the solution purity needed to 
achieve the required product gas purity, the stripping column height, the nature of the solu- 
tion, the ratio of C02/H2S in the rich amine solution, and the regenerator operating pressure. 
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Table 2-1 7 
Typical Data on Plant Operation with MDEA Solution 

Run Number 1 2 3 

Lean Amine 
Flow rate, gpm 69.6 83.5 123 

HzS, 1 .o 1 .o 0.5 
CQ, gr/gal 50.1 54.1 57.8 

Flow rate, h4Mscf/h 1.29 1.30 1.26 
Temperature,"F 84 85 92 

COZ, vol% 3.52 3.47 3.48 

Product Gas Actual Calc. Actual Calc. Actual Calc. 
H I S ,  ppm -0.6 0.70 -0.6 0.71 ~ 0 . 1  0.39 

Temperature,"F 97 100 120 

Inlet Gas 

HzS, ppmv 50 58 55 

coz. 96 1.85 2.11 1.58 1.83 1.13 1.18 
Rich Solution 

mole acid gadmole MDEA 0.58 0.51 0.55 0.49 0.45 0.49 
Notes: 
Absorber pressure: 8OOpsi; MDEA concentration: 33 I&?: Calculation by TsWEETprograin. 
Source: Daviet et. a1 (1984) 

The stripping vapor that passes out of the column with the acid gas is normally condensed 
and returned to the column as reflux. The ratio-moles water in the acid gas from the strip- 
ping column to moles acid gas stripped-is commonly referred to as the "reflux ratio" and is 
used in design as a convenient measure of the quantity of stripping vapor provided. 

Typical reflux ratios in commercial columns range from 3:l to less than 1:l. In general, 
aqueous monoethanolamine solutions require the highest reflux ratio (typically 2:l to 3:1), 
DGA and DEA can be operated with appreciably lower ratios, and MDEA requires the least 
reflux. Experience with DGA solutions indicates that a reflux ratio of 1.5 mole water per mole 
acid gas is usually satisfactory for adequate stripping. For MDEA, reflux ratios ranging from 
0.3 to 1.0 mole water per mole acid gas have been reported to be satisfactory (Dingman, 1977). 
The effect of reflux ratio on the H2S content of purified gas from an MDEA plant is shown in 
Figure 2436 from Vidaurri and Ferguson (1977). For this particular plant, raising the lean solu- 
tion temperam from 99°F to 129°F caused a major increase in the purified gas H2S content, 
but increasing the reflux ratio in the stripping column above about 0.7 mole water vapor per 
mole of acid gas had little effect on performance at either lean solution temperature. 

The operation of a typical stripping column can be visualized by inspection of Figure 2-87, 
which shows composition and temperature profiles for a packed column used for stripping 
C 0 2  from MEA solution. The figure is based on data presented by Sardar and Weiland (1985) 
and represents a column packed with 37 feet of 2-inch Pall rings and operating at 12.8 psig. 
The curves were developed by a computer model, which was checked against actual plant 
data for a unit of this design. Feed to the column consists of 20 wt% MEA solution with a 
C 0 2  loading of 0.5 moldmole. The rich solution is fed into the column four feet below the top 
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Figure 2-85. Temperature and composition profile of gas-treating plant absorber 
handling a gas stream containing a low concentration of acid gas. 

of the packing at a temperature of 221°F. Reflux water is fed to the top of the packing at 
130"F, and is somewhat hotter than the solution feed when the two are mixed. The resulting 
mixtwe heats up rapidly to more than 240°F in about 10 feet of packing, then heats up very 
slowly until it reaches the reboiler where it is finally heated to about 248°F. 

The solution COz loading drops rapidly in the column immediately below the feed point, 
then decreases more slowly until the bottom of the column is reached, and finally exits the 
reboiler with a COz loading of 0.12 moldmole. As would be expected, the liquid and vapor 
composition curves have the same shape. Above the feed point the vapor phase is about one- 
third COl and two-thirds water vapor, representing a reflux ratio of 2 1 mole H2O/mole CO,. 
These results can be compared to Figure 2-81, which also shows vapor leaving the stripping 
section of an MEA C02 unit with a ratio of about 2: 1 mole H20/mole C02. 

The stripping of COz from MEA solutions is aided by raising the temperature of the opera- 
tion. This may be done by either increasing the pressure as described by Reed and Wood 
(1941) and Reed (1946), or by reducing the water content of the solution by adding a high 
boiling compound such as glycol. A comparison of the effect of raising the temperature by 
increasing the pressure with the effect of diethylene glycol addition is shown in Figure 2-88. 
As these curves were derived fmm plant data in which reflux ratio, number of stripping 
trays, and other variables were not necessarily constant, they can be taken only as an indica- 
tion of expected performance. 

The reason that CO, smpping from MEA solution increases with increased reboiler pres- 
sure can be explained on the basis of the effect of temperature on vapor pressures. The vapor 
pressure of C02 over an amine solution generally increases with temperature more rapidly 
than does the vapor pressure of the water/amine mixture over the same solution. As a result, 
stripping to the same mole fraction C02 in the vapor phase means stripping to a lower mole 
fraction in the liquid when the pressure (and thus the boiling point) are raised. It should be 
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Figure 2-86. Effect of stripper reflux on H2S in sweet gas. Data are from a refinely unit 
treating gas containing 8.5% H$ and 1.4% GO, with 15% MDEA. The unit was 
operated to permit over half the CO, to pass through the contactor unabsorbed 
(Vidauni and Fergusan, 1977) 

noted that this phenomenon is peculiar to C02 in MEA and will not necessarily occur with 
other amines nor with H2S in MEA. 

In reports of operating data, it is common practice to express the heat requirements for 
solution stripping in terms of pounds of steam per gallon of circulated solution. This value is 
closely related to reflux ratio, but is also dependent on the temperatures of the rich solution 
and d u x  entering the column and the temperature of the. lean solution leaving the regmera- 
tor. Typical values for pounds of steam per gallon of solution range from less than 1 to 1.5 or 
even 2 lblgal. In most cases a steam rate of about 1 lb/gal. is sufficient to obtain satisfactory 
treated gas purity when mono- or diethanolamine solutions are used. 

The effect of steam flow rate on the stripping of H2S from MEA solutions is indicated by 
the data of Buskel (1959) and Estep et al. (1962), which are plotted in Figure 2-89. The 
Buskel data were obtained from a plant treating 1,000 psig natural gas containing 11.0% H2S 
and 6.096 C02 with a 20% MEA solution. The Estep et al. data are from a unit using 14.4% 
MEA solution to treat natural gas containing 19.9% H2S and 1.84% C02. 
The stripping of H$ is aided by the presence of CO, in the amine solutim EQgedd and 

Richardson (1966A, B) p v k k  a very valuable correlation of residual H2S versus the HzS/n-  
ratio in the feed gas as a function ofthe steam rate for MEA plants treating high pressure natur- 
al gas. The results of this study are summarized in Figures 2-90,2-91, and 2-92. 
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Figure 2-87. Temperature and composition profiles in a packed column used for 
stripping CO, from MEA solutions. Based on data from Sardar and Weiland (79853 

Figure 2-90 shows the plant data collected by Fitzgedd and Richardson. The curves on 
this fin- clearly indicate that for each feed gas H2S/C02 molar ratio, the lean solution HIS 
content (graindgallon) approaches an asymptotic lower limit, independent of the amount of 
stripping steam used (moles of reflux watedmole of acid gas). All amines exhibit this behav- 
ior. See, for example, the MDEA solution data presented in Figure 286, which shows that 
the H2S content of the treated gas (an indication of the lean amine H2S loading) reaches an 
asymptotic lower limit independent of the amount of stripping steam. 

Figure 2-91 is a crossplot of Figare 2-90. As Figure 2-91 indicates, the lean MEA solu- 
tion loading ( p i n s  of HlSlper gallon solution) at any given stripping steam ratio is a strong 
function of the feed gas H2S/C02 ratio. These lean amine data are for an MEA solution con- 
taining 15.3 \vt% MEA and for an amine egenerator with a bottoms temperature of 252°F 
(about 15 psig in the bottom of the regenerator). The data also assume that the leadrich 
exchanger approach temperature (lean amine out minus rich amine in) is about 40°F. The 
dashed line in Figure 2-91 indicates the stripper operating conditions required to produce X 
grain treated gas (4 ppmv H2S j at 900 psig with lean amine at 1 lo'??. Less smpping steam is 
required for feed gases with a low H2S/COl molar ratio, and more stripping steam is required 
when the acid gas is predominantly H2S. The dashed line can be used to estimate the treated 
gas H2S content at other operating pressures. For example, at 450 psig the dashed line would 
denote an H2S content of H grain H2S or 8 ppmv. 
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Fuure 2-83. Effect of temperature on degree of Mpping obtainable for 
monoethanolarnine solutions. Temperature increased for aqueous MEA solution by 
increasing regenerator operating pressure. (Reed and Wood, 1941; Chapin, 1947) 

! 

Figure 2-89. Effect of stripping steam rate on tl$ residual In lean monoethanolamine 
solutions. 
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Figure 2-90. Plant data showing how stripping steam rate affects residual HzS content 
in lean MEA solutions at various feed gas HZS/COz ratios. (Rtzgemld and Richadson, 
W&l, B). Reprinted with permission from Oil & Gas Journal, Copyright Pennwell 
Publishing Go. 

Figure 2-92 shows the lean amine C02 loading as a function of the feed gas H2S/C02 
ratio and the amount of stripping steam. At feed gas H2S/C02 ratios above 1.0, the lean 
MEA solution C02 loading is a strong function of the feed gas H2S/C02 ratio while, for a 
given stripping steam rate, the lean MEA solution COz loading approaches an asymptotic 
limit for H,S/C02 ratios less than 1. The residual C02 loadings are based on a fixed regener- 
ator operating temperature of 252"F, which corresponds to a regenerator bottoms pressure of 
about 15 psig (Fitzgerald and Richardson, 1966B). These data can be approxiritely correct- 
ed for different regenerator operating pressures by use of the data of Reed and Wood (1941 j 
as presented in Figure 2-88. The Reed and Wood chart shows stripping to about 0.1 mole 
C02/mole MEA (643 grains/gallon) at 252"F, which is consistent with Figure 2-92 at a 
steam rate of slightly over 1.1 lb/gallon. 

Figure 2-91 indicates that the MEA solution residual HIS content decreases by a factor of 
ten or more as the feed gas H2S/C02 ratio decreases from 10 to 0.1 at a constant stripping 
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RATIO Hzs/c02 IN RANT FEED 

Figure 2-91. Effect of feed gas H2S/C02 ratio on the residual H2S content of lean MEA 
solutions at various stripping steam rates. Data of Fitzgerald and Richardson (1966A). 
Reprinted with permission from Oil & Gas Journal, Copyright Pennwell Publishing Co. 
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Figure 2-92. Effect of feed gas H2S/C02 ratio on the COP content of lean MEA solutions 
at various stripping steam rates. Data of Fitzgerald and Richardson (1966B). Reprinted 
with permission from Oil & Gas Journal, Copyright Penn well Publishing Co. 
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steam ratio (lb s t edga l .  solution). As noted by Fitzgerald and Richardson (1966A, B), 
unstripped CO1 in the solution flowing through the stripping column and reboiler contributes 
to H2S stripping by increasing the H2S vapor pressure at a given H2S loading. This effect of 
dissolved COI on the vapor pressure of H2S is clearly shown in equilibrium charts such as 
Figure 2-23. The effect is beneficial in that it reduces the lean amine solution H2S content. 
However, the reverse effect can occur in the contactor, where the lean amine residual CO? 
content tends to raise the HIS vapor pressure and increase the HIS content of the treated gas. 
Fortunately, the net effect is normally beneficial because CO2 stripping continues into the 
reboiler, and the vapor leaving the reboiler contains both CO? and H2S in equilibrium with 
the boiling lean solution. Under the same stripping conditions, the partial pressure of either 
acid gas in the vapor would be less when both acid gases are present than it would be if only 
the one gas were present. Since the H2S partial pressure in the reboiler vapor represents its 
equilibrium vapor pressure, it can be expected that the equilibrium vapor pressure of H2S 
over the same solution at the contactor feed temperature will also be lower than it would be 
if only H2S had k e n  in the reboiler vapor. 

The follouing discussion provides a chemical equilibrium explanation as to why the pres- 
ence of another acidic component (such as C02) increases the vapor pressure of H2S over an 
amine solution. Stripping of H2S from a primary amine solution can be represented by the 
following equation: 

FWH3+ + HS- = RNH? + H2S (2-21 ) 

where. RNH, and H2S are the dissolved molecular forms of the two compounds. Molecular 
H2S is then released into the gas phase. At equilibrium, the relationship between the concen- 
trations of each reactant in solution is given by the following equation: 

(2 - 23j 

The concentration of RNH3+ ions must be equal to the sum of the negative ions to main- 
tain electrical neutrality, and if both HIS and COI are present in a lean MEA solution, the 
principal negative ions are HS- and carbamate ions, RNHCO,. The amount of unreacted 
amine in solution is equal to the total amine concentration minus the sum of the concentra- 
tions of HS- and RNHC02-. Equation 2-22 can be rearranged to a more useful form by 
using these relationships and by defining Lco, and LHlS as the C 0 2  and HIS loadings in the 
solution in moles acid gas per mole amine and WH?],  as the total moles of amine, ionized 
and un-ionized. 

(2 - 23) 

Equation 2-23 is approximate since it assumes that C02 and H2S are present in solution 
only as HS- and carbamate ions; however, it illustrates some valid general effects. Since the 
equilibrium partial pressure of H2S in the gas is proportional to the concentration of molecu- 
lar H2S in the solution (Henry’s Law), the equation indicates that the vapor pressure of H2S 
increases with both H2S and C02 loadings in the solution. The enhanced stripping of H2S in 
the presence of dissolved CO, can, therefore, be attributed to the common ion, RNH3+, pro- 
duced by both acid gases in reacting with an amine. Both primary and secondary amines 
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react with C02 to form carbamates, which are difficult to decompose. Therefore, for these 
amines a significant amount of CO, may be present at the bottom of the regenerator, and 
enhanced stripping of H2S may be realized. HGh regenerator pressures may also enhance 
HzS stripping when dissolved COz is present by forcing the release of additional COz with 
its accompanying equilibrium concentration of H2S. 

The “common ion” effect has also been used to advantage in both the Sulften and Flex- 
sorb SE+ Claus tail gas processes. In both of these processes, acids are added to enhance 
amine solution stripping (Dibble, 1985; Ho et al., 1990). Sulften is an MDEA-based process; 
while the Flexsorb SE+ process uses a hindered amine. With both processes, Claus plant tail 
gas H2S emissions are reduced from 250 to less than 10 ppmv (Tragitt et al., 1986; Ho et al., 
1990; Dibble, 1985). In the Sulften process, adding sufficient phosphoric acid to protonate, 2 
to 138 of the amine is claimed to be the most beneficial form of the process (Dibble, 1985). 
Phosphoric acid addition also tends to increase the C02 slip (Dibble, 1985, Cordi and Bullin, 
1992). As CO, absorption in amine solutions is thought to be base catalyzed, it is likely that 
the lowering of the solution pH when acid is added improves C02/HzS selectiwity, which fur- 
ther enhances the benefits of acid addition. Data showing the effect of phosphoric acid addi- 
tion on the treated gas H2S content are summarized in Table 2-18. The information in the 
table is for a pilot plant treating gas that contains 1.5% HzS and 30% C02 with a solution 
containing 50 wt8  MDEA (Dibble, 1985). 

Acid addition is not beneficial for all amines. Dibble (1985) reports that acid addition 
actually increases the H2S content of the treated gas for both TEA and DIP& but is benefi- 
cial for MDEA, DEAMDEA mixtures, and DEA. Many acids are evidently suitable for low- 
ering the treated gas H2S content. Dibble (1985) and Ho et al. (1990) state that phosphoric, 
hydrochloric, acetic, and formic acid, among others, are beneficial. This would imply that 
heat-stable salts inadvertently formed by the reaction of strong acids with amines could also 
enhance amine solution stripping and lower the treated gas H2S content: however, no studies 
confirming this effect have been reported. 

Less data are available on the performance of DEA strippers than MEA. Smith and 
Younger (1972) surveyed 24 DEA plants in Western Canada. Detailed operating data were 
not reported, but the following general conclusions were reach& 

Table 2-1 8 
EfFect of Phosphohc Acid Addition on the Hfi Content of Treated Gas 

from MDEA Absorber 

I %&Pod* Per Mol MDEA YO Protonation ppmvH2s In Offgas I Mols H3P04 

0 
0.1 
1 
2 
5 

0 
0.0024 
0.0245 
0.04956 
0.1278 

0 52 
0.49 12.5 
4.9 1 
9.9 2 

25.6 100 
*Based on the weight of the solution. 
Source: Dibble (1985) 
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1. Specification gas (either cO.25 or ~ 1 . 0  graid100 scfl can be met as long as the H2S con- 
tent of the lean solution is less than 40 grains/gallon; however, the H2S content of the gas 
does not appear to vary with solution H2S content below 40 grains/gallon. 

2. Specification gas can be made with solution flow rates equivalent to a range from 1 to 2 
moles amine per mole of acid gas as long as the solution is adequately regenerated. 

3. DEA strips more readily than MEA. 
a. At high HzS:C02 ratios regenerated DEA solutions contain 0.1 to 0.3 wt% C02 com- 

b. At low HzS:C02 ratios regenerated DEA solutions contain less than about 0.9 wt% C02 

4. Solution strengths from 20 to 30 wt% DEA can be used with no apparent change in treat- 

5. Most of the plants use stripping steam rates of about 1.2 lb/gal. 

pared to 1.1 to 1.3 wtQ COz in lean MEA solutions. 

compared to 2.2 to 3.5 w t 9  COz in lean MEA solutions. 

ing ability. 

Simplified Design Procedure 

The simplified design procedure is based on the “approach to equilibrium” method 
(described earlier) to determine the amine circulation rate, plus a series of enthalpy balances 
to determine temperatures and heat duties. The calculation procedure involves four steps: 

1. Estimating the lean amine loading. This is accomplished by the use of plant data and c o d a -  
tions from plants operating with the same amine and similar acid gas compositions. 

2. Determining the heat and material balance around the contactor for the case of equilibrium 
at the contactor bottom. This is a trial and error calculation to establish the rich solution 
loading and rich solution temperature corresponding to equilibrium between either one of 
the acid gases (H2S or C02) in solution and the feed gas. 

3. Determining the heat and material balance around the contactor for the case of a 75% 
approach to equilibrium at the contactor bottom. This represents an adjustment of the step 
2 results to provide a reasonable factor of safety and provides the basis for the actual plant 
design. 

4. Designing the regenerator system. These calculations consist of enthalpy balances around 
regenerator system components based on flow rates and compositions developed in step 3 
and empirical correlations of stripping column performance. 

Estimating the Lean Amine Loading 

The design procedure begins by establishing the lean amine temperature and the lean 
amine loading (moles acid gas/mole amine). The lean amine temperature is dztermined by 
the temperature of the available cooling medium and also by the requirement that the lean 
amine be at least 10°F hotter than the feed gas hydrocarbon dew point. The lean amine acid 
gas loading is more difficult to determine and is generally estimated on the basis of expen- 
ence with similar systzms. 

The stripping of H2S and COz from amine solutions is discussed in the previous section 
entitled “Stripping System Performance.” For the case of H2S and C02 removal from natural 
gas with MEA solutions, the Fitzgerald and Richardson correlations (Figures 2-90, 2-91, 
and 2-92) can be used directly. Figure 2-92 is based on a regenerator bottom temperature of 
252°F: equivalent to a pressure of about 15 psig. Values of the lean solution COz loading, 
estimated from Figure 2-92, can be extrapolated to other stripper pressures (and tempera- 
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tures) by the use of the Reed and Wood correlation, Figure 2-88. Unfortunately, correlations 
similar to those generated for MEA by Fitzgerald and Richdson have not been developed 
for other amines, and lean solution loading estimates are usually based on the limited plant 
operating data that are available. 

DEA is a weaker base than MEA. As a result, the same stripping conditions will produce a 
lower lean solution loading in DEA than in MEA solutions. Alternatively, a similar level of 
stripping can be accomplished with less steam consumption by the DEA system. In fact, 
improved steam economy is one reason many plants have been converted from MEA to 
DEA. A survey of 24 DEA plants, conducted by Smith and Younger (1972), suggests that 
1.2 lb steardgallon of solution is adequate to produce a lean solution containing less than 40 
,gains HzS/gallon (about 0.007 mole HzS/mole DEA) under a variety of DEA plant operat- 
ing conditions. 

As with MEA, carbon dioxide is the principal acid gas remaining in DEA solution. Smith 
and Younger found typical C02 loadings of lean DEA solution to be in the range of about 
0.01 to 0.03 mole C02/mole DEA with high ratios of HZS:CO2 in the feed gas, and to be 
less than about 0.09 with low H2S:C02 ratios. Other investigations report COz loading 
much less than 0.09 mole C02/mole DEA, even at very low H2S:C02 ratios. Butwell and 
Perry (1975), for example, describe two DEA plants treating natural gas with H2S:C02 
ratios of only 0.04 to 0.07 that produced lean DEA loadings in the range of about 0.01-0.02 
mole COz/mole DEA. 

DGA is a primary amine similar to MEA with regard to basicity. As a result, the correla- 
tions developed for MEA stripping can be used to provide a first approximation of lean solu- 
tion loadings for DGA solutions. Additional approximate lean solution loading values for 
DEA and DGA are provided in Table 2-19. Little data have been published on the stripping 
of DIPA, and it is suggested that lean solution loadings estimated for DEA be used in the 
absence of more specific data. For material balance purposes, lean MDEA loadings can be 
assumed to be zero, as MDEA solutions are very readily stripped. For example, lean MDEA 
solution loadings less than 0.004 mole acid gadmole amine have been reported by Dupart et 
al. (1993A, B). 

Determining the Rich Solution Equilibrium and Design Loadings 

After the lean amine temperature and lean solution loading are determined, the designer 
should use the following steps to determine the required circulation rate. Refer to Figure 
2-93 for information on the amine contactor calculation envelope and to Table 2-20 for a 
definition of the variables used in these calculations. 

1. Establish the lean amine concentration and loading, LL (moles acid gadmole amine), and 
break the loading down into LL.H?S (moles of H2S/mole amine) and LL,co2 (moles of 
COz/mole amine). 

a. Feed gas flow rate, MF (moleshr) and WF (lbhr). 
b. Feed gas inlet temperature, TF (“F). 
c. Feed gas inlet pressure, PF @sia). 
d. Feed gas composition (mol a). 
e. Water content, MF,H~O (moleshr) and WF*,O (lbhr). 
f. Latent heat of water in the feed gas, hF (Btunb). 

3. Set the lean amine temperature, TL (e.g., TF + 10). 

2. Tabulate the feed gas conditions, including the following: 



r 
Table 2-1 9 

Approximate DEA and DGA Lean Solution loadings for Various Operating Conditions 

Stripping Steam Lean Solution Loading 
Regenerator 

Wt% Ib steam/ mol H 2 0 /  Bottom L/R Exchanger Feed Gas mol AG/ mol C02/ mol H2S/ 
Amine Aniine gal sol'n mol AG Temp., O F  Approach, O F  C02/H2S mol amine mol amine mole amine 

DEA 
DEA 
DEA 
DEA 
DEA 
DEA 
DEA 

DGA 
DGA 
DGA 
DGA 
DGA 

-20 
-20 
20 
20 
25 

20-22 
20 

60 
54 
67 
55 
62 

~~ 

-1.2 - 
-1.2 - 
I .o I .7 
1.2 3.2 
0.9 0.4-0.6 
1 . 1  
1 .o 1.7 

- 

I .5 1 .5 
- 3.7 
I .6 
1 . 1  I .4 
1.1  1.1 

- 

- 
- 
240 
230 

230 
240 

250 
250 
27 I 
246 
247 

- 

~ 

- 
- 
- 
30 

56 
- 

- 

30 
67 
42 
54 
20 

>I0 
<IO 
0.5 
0.4 
0.3 
I .o 
0.5 

I .O 
1.1 
2.9 
34 
4.0 

<0.07 
CO.W 
<0.01 
<o.o 1 
- 
- 

0.01 

- 
0.04 
0.01 
0.09 
0.06 

CO.O1 
co.01 
co.01 
co.0 1 

0.004-0.01 1 
0.0054.006 

0.005 

- 
0.01 

Trace 
Trace 
0.01 
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Figure 2-93. Heat and material balance schematic for amine contactor design. 

4. Calculate the partial pressures of the C02 and H2S in the feed gas (PF,coz and PF.H2~) in 
psia. 

5. Calculate the total acid gas components in the feed gas, MF,AG (moleshr) and W F . * ~  
(Iblhr); the ratio of C02 to H2S, R; and the total heat of reaction, QRx. QRx is usually cal- 
culated on the basis that all of the acid gas is absorbed. 

6. Estimate the rich amine solution temperature, TR, at the contactor bottom (e.g.? TL + 30). 
7. Next, use the VLE chart data in th is  chapter or in other references (GPSA, 1987; Dow, 

1962; Maddox, 1985) in conjunction with the following steps to determine the vapor pres- 
sure of C02 and HIS above the rich solution. 
a. Assume a rich solution acid gas loading, r, (for example, r, = 0.6 moles acid gas per mole 

amine is a reasonable skuting point for most conventional MEA, DEA, or JXA plants). 
b. Calculate the rich solution H2S and C02 loadings, LR,H~S and LR,c%: 

(2 - 24) 

LR,CO-, = LR - LR,H2S (2-25) 
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Table 2-20 
Nomenclature for Simplified Design Procedure Equations 

C, = Heat capacity, Btu/(lb)("F) 
h = Latent heat of water vapor, Btdlb 
L = Solution loading, mole acid gad 

M = Gas flow rate, total, mol& 
M' = Gas flow rate, dry basis, mole/hr 

P = Pressure or partial pressure, psia 
PO = Equilibrium vapor pressure over a 

mole amine 

MW = Molecular weight, lb 

solution, psia 
QRx = Total heat of reaction, Btu/hr 
QRc = Regenerator condenser duty. Btu/hr 
Qm = Ledrich heat exchanger duty, 

QRE = Reboiler duty, Btu/hr 

C02/mole H,S 

Btu/hr 

R = Acid gas ratio in feed gas, mole 

T = Temperature,"F 
W =Mass flow, total, I b h  
W' = Mass flow, dry basis, lbhr 

Subscripts: 
A = Acid gas stream at reflux drum outlet 

B = Solution at regenerator bottom 
C = Stripper overhead condensate 
F = Feed gas entering absorber 
L = Lean solution entering absorber 

LX = Lean solution exiting leadrich heat 

AG = Acid gas 

exchanger 
P = Product gas leaving absorber 
R = Rich solution leaving absorber 

REF = Reference value 
SO = Acid gas stream at stripper overhead 

c. Use VLE chart data and the following equation (GPSA? 1987; Lee et al., 1973C) to 
determine the C02 and H2S partial pressures at the estimated rich amine solution tem- 
perature, TR. based on published data at TI and T2: 

( 2  - 26) 

Equation 2-26 is based on the fact that the vapor pressure of acid gas 2bove the rich 
amine solution is inversely proportional to the logarithm of the absolute temperature. 
Use of this equation is usually necessary as the VLE chart data cover a limited number 
of temperatures. 

d. Adjust the estimated rich solution loadings appropriately until the calculated vapor 
pressure of one of the two acid gases is equal to its partial pressure in the feed gas. One 
of the two acid gases, usually H2S, will be controlling. When the vapor pressure of one 
of the acid gases above the rich solution corresponds to the partial pressure of the same 
acid gas in the feed gas, the equilibrium solution loading at the estimated rich amine 
temperature has been determined. 

8. Next, estimate the split of the heat of reaction, &. between the sweet gas product and the 
rich amine solution. The split of the heat of reaction is controlled by the ratio of A, the 
product of the mass flow and the specific heat of the product gas, and B, the product of the 
mass flow and the specific heat of the lean amine solution. If A/B is less than one, all the 
heat of reaction leaves the amine contactor with the rich amine solution. If the ratio is 
greater than 1, some of the heat of reaction leaves with the product gas: 
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(2-27) 

Figure 2-94 summarizes a correlation based on plant data which can be used to estimate the 
split of the reaction heat between the treated gas and rich amine streams (Fluor Daniel, 
1995). 
Under most circumstances, all the heat of reaction is contained in the rich amine stream 
leaving the bottom of the contactor. However, when the acid gas content of the feed gas 
is low and/or the amine concentration of the lean amine is high, some of the heat of reac- 
tion can leave with the treated gas product stream. For example, Holder (1966) and Ding- 
man and Moore (1968) report that temperature breakthrough occurred, Le., the treated 
gas temperature was higher than the lean amine temperature, when a 60 wt% DGA solu- 
tion was used to treat a feed gas containing less than 1 to 2 mol% acid gas. 
a. The reaction heat split is determined by first calculating the acid gas pick-up, AGPU, in 

moles of acid gas removed from the feed gas per mole of amine: 

(2-28) 

b. Then calculate the lean amine circulation rate, WL (lbh), using the following equation: 

c. Obtain the product gas rate, Wp (lbh),  assuming that all the acid gas components are 
removed from the feed gas. Estimate the water content of the product gas, WP.~,o 
( lbh)?  using Raoult's law and basing the calculations on the water vapor pressure at the 
lean amine temperature and the mole fraction of water in the lean amine. Using steam 
tables, find the latent heat of water in the product gas, hp (Btdlb). 

d. Obtain the heat capacity of the product gas, Cpp (Btu/lb"F), including the water. Heat 
capacities should be average values. In this case, Cpp is an average over the product gas 
temperature, Tp, and a selected reference temperature. It is usually advantageous to 
choose the feed gas temperature, TF, as the reference temperature, as this simplifies the 
enthalpy balance around the amine contactor. 

e. Multiply the mass flow rate of the product gas, Wp, by its average heat capacity, Cpp. to 
obtain A. 

f. Determine the heat capacity, CpL, of the lean amine solution at its operating temperature. 
Again, CpL is an average over the lean amine temperature and the selected reference 
temperature. 

g. Multiply the lean solution heat capacity, C p ~ ,  by the lean amine circulation rate, WL, to 
obtain B. 

h. Calculate the ratio AB. 
i. If AB is less than 1.0, set the product gas temperature, Tp, the same as the incoming 

lean amine solution temperature, TL, and go to Step 9. If AIB is greater than 1, use the 
following procedure and Figure 2-94 to determine the heat of reaction split between the 
treated gas and the rich amine. 

i. Set the rich amine solution temperature, TR. equal to the feed gas temperature, TF. 
ii. Assuming no heat of reaction, compute the product gas temperature as follows: 

T p  = (B/A)(T, - TF) + TF (2-30) 



1 .0 

0.9 

0.8 
A = Heat Capacity of Gas x Gas Rate: BTWHWF (Sweet Gas). 
B = Heat Capacity of Solution x Solution Rate: BTU/HR"F (Lean Solution). 
C = Actual Outlet Gas Temp. - Outlet Gas Temp. If No Reaction Occurred: "F. 
D = Heat of Reaction (BTUIHR) I A (BTUIHR OF): "E 

0.2 

0.1 

0 
0.01 0.02 0.03 0.04 0.06 0.08 0.1 0.2 0.3 0.4 0.5 0.6 0.8 I 2 3 4  

0.05 0.07 0.09 0.7 0.9 
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iii. Calculate the potential temperature rise of the gas, D (“F), if the product gas were to 
absorb all the heat of reaction: 

D = Q&A (2-3 1) 

iv. Use Figure 2-94 to obtain the ratio of C/D. 
v. Calculate C, the actual product gas temperature minus the no-heat-of-reaction pmd- 

uct gas temperature: 

C = (C/D)(D) (2-32) 

vi. Calculate the actual product gas temperature as follows: 

Tp = T‘p + C (2-33) 

vii. Check that the product gas heat capacity, qp, used in Steps 8d and 8e is approxi- 

9. Next determine the rich amine solution temperature exiting the contactor, TR, by an 
enthalpy balance around the contactor. To simplify the calculations, as previously dis- 
cussed, use the feed gas temperature, TF, as the reference temperature. However, before this 
balance can be completed, it is necessary to make some additional calculations: 
a. Calculate the amount of water condensed or evaporated, WH20, lb H O  per hour: 

mately correct. 

W H ~ O  = wF.HzO - wP.H20 (2-34) 

If WH2. is negative, water is evaporated and leaves with the product gas. If WH20 is 
positive, water in the feed gas is condensed and leaves with the rich amine. 

b. Calculate the enthalpy loss or gain, QH20,  associated with water condensing or evapo- 
rating: 

Q H ~ O  = wF.H2001F) - wP.H20(hP) (2-35) 

c. Calculate the rich amine mass flow, W,, l b k  

WR = WL + WFAG + W H ~ O  (2-36) 

d. Calculate the rich amine solution acid gas loading, lb acid gad100 lb solution, so that 
the solution loading can be referenced to data showing the effect of acid gas loading 
on rich amine solution heat capacity. See Figure 2-77. 

e. Determine the lean amine solution heat capacity over the temperature range from TR to 
TF Next use Figure 2-77 to determine the rich amine solution heat capacity, CpR. 

f. Next, calculate F 

g. Solve the following equation for TR, the rich amine solution contactor exit temperature: 

Equation 2-38 is based on an enthalpy balance around the amine contactor as shown in 
Figure 2-93. In this balance, the reference temperature is selected as the feed gas tem- 
perature. TF 
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10. Check to see that TR assumed in Step 6 matches TR calculated by equation 2-38. If the 
temperatures match, the rich solution equilibrium composition and temperature have 
been correctly determined. Go to Step 13 to determine the actual design balance. 

11. If TR calculated by equation 2-38 is less than the TR assumed in Step 6, the lean amine 
circulation rate can be reduced. Assume a new TR between TR calculated and TR 
assumed, and repeat Steps 6 through 12 until a match is obtained. 

12. If the calculated TR is greater than the TR assumed in Step 3, the circulation rate is too 
low and must be increased. Assume a new TR between TR calculated and TR assumed, 
and repeat Steps 6 through 12 until a match is obtained. 

13. The design heat and material balance is obtained after a converged rich amine solution 
loading and temperature have been determined. Set the design rich solution loading ta 
75% of the equilibrium loading and repeat Steps 8 and 9 to determine the design TR and 
rich and lean amine flows: 

(2-39) 

If the temperature of the product gas is high enough to affect its HIS content (assuming 
equilibrium with the lean solution) consider reducing the amine solution concentration. 
Also, 75% of the equilibrium rich solution loading may be higher than desired as highly 
loaded rich amine solutions can be very corrosive. Refer to the maximum recommended 
rich amine loadings in Chapter 3 for guidance on maximum loadings. 

Amine Regenerator Calculations 

Amine regenerator design calculations that can be performed readily without a computer 
are based on a series of enthalpy balances. The basis for these balances is empirical data on 
the amount of steam required to strip the rich amine. These data are usually available in the 
form of: 1) the pounds of stripping steam required to strip one gallon of rich solution or; 2) 
the moles of water vapor per mole of acid gas in the regenerator overhead just upstream of 
the regenerator condenser. Since the water vapor is normally condensed and returned to the 
regenerator as reflux, the moles of water vapor per mole of acid gas leaving the regenerator 
is often called the ”reflux ratio.” There is a direct relationship between these two empirical 
measures of amine regenerator energy input. 

Most rich amines can be adequately stripped with 0.9 to 1.2 pounds of steam per gallon of 
rich solution. See Figure 2-91, which is based on empirical MEA performance data collect- 
ed by Fitzgerald and Richardson (1966A, B). Implicit in the data of Fitzgerald and Richard- 
son is the assumption that the leadrich exchanger approach (lean amine temperature out 
minus rich amine temperature in) is about 40°F. When the energy requirement is stated in 
terms of reflux ratio, the empirical data indicate that supplying enough reboiler energy to 
generate about 1 to 3 moles of reflux water per mole acid gas is usually sufficient to ade- 
quately strip most rich amine solutions. Use of either type of empirical stripping data is 
straightforward. The following calculation strategy is based on the availability of plant per- 
formance data based on pounds of stripping steam per gallon of rich solution, as there are 
more data of this type in the literature. Results can be qualitatively checked by calculating 
the moles of reflux water per mole acid gas. 

The enthalpy balances required to size an amine regenerator are indicated in Figure 2-95. 
The balances begin with a direct calculation of the reboiler duty using a selected value for 
pounds of steam per gallon of rich solution based on Figure 2-91. This is followed by a cal- 
culation of the ledrich exchanger duty. An enthalpy balance around the regenerator is then 
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used to determine the condenser duty. The temperature and composition of the regenerator 
overhead stream just upstream of the condenser is then calculated by an enthalpy balance 
around the condenser. 

Before starting these calculations, it is necessary to set the amine regenerator pressure pro- 
file. First the regenerator reflux drum pressure, PA, is set. This pressure is usually determined 
by the pressure required to deliver the acid gas to a sulfur plant andor the pressure required 
to provide the desired amine regenerator bottom temperature. The minimum regenerator 
reflux drum pressure is usually about 5 psig, with an upper pressure limit of about 15 or 20 
psig depending on the amine and the maximum allowed operating temperature for that 
amine. See Chapter 3 for recommended maximum operating temperatures for various 
amines. For design purposes, a pressure allowance of 5 psi is reasonable for the pressure 
drop from the regenerator bottom to the regenerator reflux drum. In most circumstances, as 
indicated in Figure 2-95, the amine regenerator pressure is controlled by a pressure control 
valve located on the acid gas line leaving the regenerator reflux drum. A pressure allowance 
also has to be included for this \7alve. 

I 

Rkh Amino 
TR. wR, ‘pR 

, , c 

__________-------- 
Figure 2-95. Enthalpy balances required to size an amine regenerator. 
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After the regenerator pressure profile and the reflux drum pressure are established, the 
reflux drum temperature, TA4? is fixed. If the acid gas is to be fed to a Claw sulfur plant. the 
reflux drum temperature should be minimized consistent with the available cooling medium 
temperature since water contained in the acid gas is detrimental to sulfur plant performance. 
For air cooling, an approach of 20°F is common, while a typical approach for cooling water 
would be in the range of 10°F. 

After fixing the pressure profile and key temperatures, the required reboiler and ledrich 
exchanger duties are calculated. The reboiler duty, QRE, is calculated directly from the strip- 
ping steam requirement obtained fmm Figure 2-91 and the rich amine flow determined in 
the absorber design calculation outlined earlier. The steam latent heat is calculated based on 
the temperature/pressure conditions of condensing steam in the reboiler. This temperature is 
fixed by either the maximum allowable steam operating temperature or a minimum 20’F 
reboiler approach temperature (steam saturation temperature minus reboiler outlet tempera- 
turej. X maximum steam operating temperature of 300°F has been recommended by several 
authors. See the discussion of recommended maximum steam and hot oil operating tempera- 
tures in Chapter 3. 

In determining the ledrich exchanger duty: QLR, it is first necessary to determine the 
regenerator bottoms temperature, Tg. This temperature is fixed by the. lean amine composi- 
tion, the lean amine type, and the regenerator pressure profile. As previously noted, a pres- 
sure drop of about 5 psi from the reflux drum to the stripper bottoms should be allowed. 
Available aqueous amine solution vapor pressure data are then used to determine the stripper 
bottoms temperature, TB. See Figures 2-56,2-57,2-58,2-59, 2-60, and 2-61 for vapor pres- 
sure/temperature data for MEA, DEA, DGA, TEA, DPAI and MDEA, respectively. 

After determining the regenerator bottoms temperature, the temperature of the lean amine 
leaving the ledrich exchanger is estimated. A commonly used rule of thumb is that the dif- 
ference between the lean amine outlet temperature, TLXI and the rich amine inlet tempera- 
ture, TR. should be about 40°F. In addition, the rich amine outlet temperature should not be 
higher than about 210 to 220°F as excess heat recovery contributes little towards amine strip- 
ping (i.e., above a certain temperature, recovered heat generates steam at the feed tray, which 
is much less effective for amine stripping than steam generated by the reboiler). Having set 
the lean amine temperature, the ledrich exchanger duty can be calculated with the follow- 
ing equation: 

WL is the lean amine circulation determined in the amine contactor calculation, and the 
lean amine specific heat is an average calculated over the Tg to Tu temperature range. 

Next the total acid gas flow (dry basis), MA‘ (moleh) and W,’ (lbhr), are calculated. 
Then steam tables are used to determine the latent heat of water vapor at the reflux drum out- 
let conditions, hA4, and to calculate the water content of the acid gas, MA;H2O (mole/hr) and 
WA,lo (lbhr). Finally, the total flow of acid gas plus water vapor leaving the reflux drum? 
MA (molehr) and WA (lbk)? are determined. 

Sufficient data are now available to perform an enthalpy balance around the regenerator to 
determine the regenerator condenser duty, QRC. The heat of reaction, QRX. is from the amine 
contactor design calculation: 

(2-41 j 
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In equation 2-41, TREF is any suitably chosen reference temperature, and the specific heats 
are averages for the temperatures between TW and the relevant process temperature. 

Next, an enthalpy balance around the condenser is used to determine the composition and 
temperature of the overhead stream just upstream of the condenser. The amount of water in 
this stream is given by the following equation: 

The subscript “ S O  refers to the stripper overhead, i.e., the stream leaving the regenerator 
column. See Figure 2-95. TSo and several terms in this equation, which are functions of Tso, 
are not known. Neglecting relatively small terms, equation 2-42 can be simplified to 

WSO,H~O = { QRC + W A , H ~ O ) ~ A  }@SO (2-43) 

With an initial estimate of hso, a first approximation of Wso,H20 can be calculated by use 
of equation 2-43. Steam tables can then be used to determine Tso and a more accurate value 
of Ws0,H20 can be calculated by repeated direct substitution into equation 2-42. When deter- 
mining Tso, about 2 psi should be allowed for the pressure drop through the condenser and 
associated piping to the reflux drum. 

When these calculations are completed, equipment sizing data can be generated from the 
results. For example, the regenerator diameter is determined by conventional column design 
correlations (see Chapter 1) based on the lean amine flowrate and the vapor flow generated 
by the reboiler duty. 

Commercial Plant Operating Data 

The availability of operating data on a full size plant, operating under similar conditions, 
is extremely helpful in the design of a new installation. Although many papers present infor- 
mation on commercial plants, most do not provide complete and consistent sets of operating 
data. This is particularly true for proprietary processes. However, an appreciable amount of 
useful plant data is available for the commonly used amines. Obviously, only a small portion 
of such material can be included in this text, and the reader is referred to the original publica- 
tions for more complete information. 

Design and operating data from two large MEA plants are summarized in Table 2-21. 
Case A is a plant designed primarily to m o v e  H2S from 200 psig natural gas and produce a 
sweet gas containing less than X grain per 100 scf. Although no data are given on C02 
removal, it is expected that essentially all of the COz in the feed gas would also be absorbed 
in a plant of this type. Case B is a plant intended to recover C02 from flue gas at atmospher- 
ic pressure. Two 2 3 3  high-packed beds are used in a single tall absorber to provide efficient 
C02 removal with less pressure drop than an equivalent tray column. Additional operating 
data on an MEA plant using tray and packed towers are given in Table 2-15 in the previous 
section of th is  chapter entitled “Tray Versus Packed Columns.” 

Operating data from a large test unit used to absorb C02 from ammonia synthesis gas are 
given in Table 2-22 (Butwell et al., 1979). The test runs were made to obtain data for the 
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Table 2-21 
Operating Data for Aqueous MEA Gas Treating Plants 

Plant A 

Gas Feed Rate, MMscfd 
Solution Flow rate. gpm 
Solution Concentration, wt8 MEA 
Feed Gas Analysis 

H2S, grainsllO0 scf 
coz, vol% 
Sol, ppmv 

Outlet Gas Analysis 
H2S, ,pindl00 scf 
co2, vol% 
SOP, ppmv 

H2S, moldmole 
C02, mole/mole 

H2S, moldmole 
C02, moldmole 

Number of Columns 
Diameter, ID ft 
Height, ft  
Internals 

Lean Solution Loading 

Rich Solution Loading 

Absorber 

Water Wash 
Pressure, psig 

Number of Columns 
Diameter, ID, ft  
Total trays 
Wash trays 
Pressure, psig 
Bottom temp.,"F 

Stripper 

50 (each absorber) 
-70-100 (each absorber) 

17 

160-180 
0.3-0.4 

0 

0.02-0.3 

0 
- 

5 
7 
68 

23 trays (total) 

3 trays 
200 

2 
7 
20 

12 
250 

- 

Steam to reboiler, lb/g.allon of solution 1.1-1.6 (max) 

72 
-2,000 
10-18 

0 
10-15 
10-100 

0 
0.1-3.0 

1-5 

0 
0.062 

0 
0.415 

1 
14.5 
133 

two 23-ft beds of 
polypropylene saddles 

2 trays 
0 

1 
12.5 
18 
2 

5-10 
245 
1.13 

Notes: 
Plant A. C02 recoveryfiom flue gas (Arnold et al. 1982). 
Plcnt B, iVaturalgas treatingplant (Came  1947). 

design of an MEA-based Amine Guard 111 system. The objective was to operate at the high- 
est possible acid gas loading to minimize the reboiler heat requirement. By operating at a rel- 
atively high temperature (which increases the rate of C02 absorption) and using a large num- 
ber of trays (30), the tests achieved an 87% approach to equilibrium at the bottom of the 
absorber (vs. 7540% commonly used for the design of lower temperature, 20 tray columns). 
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Test Variables 

Table 2-22 
Operating Data from Amine Guard 111 MEA C& Removal Test Unit 

in an Ammonia Plant 

Test Number 
1 2 3 

Constant conditions 

Solution 
MEA concentration, %I 
Lean solution flow rate, gpm 

Lean solution loading, moldmole 
Lean solution temp.,"F 

Rich solution temp., "F 
Rich solution loading, moldmole 

Feed Gas Temp.,"F 
Stripper Conditions 

Inlet solution temp.,"F 

Stripper overhead temp.,"F 

Short tondstream day 

Reboiler temp.,"F 

Ammonia Production 

Absorber Pressure, psig 

Stripper Pressure, psig at bottom 
Number of Trays 

Number of trays (solution feed to top tray) 
Reboiler heat input, B t d b  mole C02 
Reboiler pressure, psig 
Stripper top pressure, psig 

Feed Gas, 8 C02 
Product Gas, ppmv CO, 

43.6 35 42.4 
2,750 2,750 2,550 
120 112 110 
- 0.15 0.15 
215 206 222 
- 0.47 0.44 
212 227 216 

237 235 237 
247 244 244 
207 207 206 

1,100 1,110 1,125 

395 
30 
12 
17 

-60,000 
12 
8 

17.8 
100 

Additional data on the operation of aqueous MEA plants, including one with a split flow 
cycle, are given by Estep et al. (1962). Operating data on Glycol-Amine plants, which 
employ a mixture containing MEA and DEG, are not included here because the process is 
considered obsolete; however, such data are included in previous editions of this book and 
are available in the literature (Kohl and Blohm, 1950). 

Diethanolamine is frequently used for purifying refinery gas streams because of its resis- 
tance to COS, which reacts nonregenerably with MEA. In refinery operations, the purified 
gas is often used for fuel within the refinery, so a high degree of purity is not required. Typi- 
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cal performance data for aqueous DEA plant absorbers are presented in Table 2-23. It will 
be noted that gas purities from 5 to 26 grains H2S/100 scf are reported. Although such puri- 
ties are often considered acceptable, the trend is to require greater sulfur removal efficiency 
in new refinery treating plants. 

Operating data for an aqueous DEA plant in high pressure natural gas service have been 
presented by Berthier (1959), and are summarized in Table 2-24 as plant A. The data were 
obtained in the early phases of development of the S.N.P.A.-DEA process at Lacq and are 
not quite representative of the current process which uses substantially lower solution circu- 
lation rates (see Table 2-2). Vaz et al. (1981) used the Berthier data as a check against a cal- 
culation algorithm called Amine Process Model (APM). Two of the calculated values are 
included in Table 2-24 to provide a more complete data summary. Many other operating 
data values were also calculated by the model, and in general, the calculated results agreed 
very well with the actual data. 

Table 2-24 also includes data on two DEA plants described by Butwell and Perry (1975). 
Plant B is designed to h a t  natural gas containing very little H2S at a pressure of 900 psig. 
Plant C is a relatively low pre.ssure unit (220 psig) treating gas containing a high percentage 
of zcid gas (79 COz, 0.5% H2S). All three DEA plants produced gas containing about !4 
grain H,S per 100 scf or less. 

Diglycolamine Plants 

Operating data from two DGA plants are given in Table 2-25. Both plants treat natural 
gas containing a high percentage of acid gas and are able to produce gas containing 0.25 or 
less grains H,S per 100 scf. Plant A is a smal l  unit with an absorber which operates at a pres- 
sure of only 140 psig. It has a more difficult treating job than Plant B because of the low 
absorber pressure and higher H2S:C02 ratio, but has more trays in both the absorber (25 vs. 
20) and the stripper (21 vs. 18) and operates with a higher reboiler temperature (255 vs. 
250°F). The two sets of data on Plant B were obtained several years apart. 

Huval and van de Verne (1981) describe several DGA plants in Saudi Arabia treating 
gas streams containing 3-8 ~01% H2S and 8-14 v018 C 0 2  at contactor pressures as low as 
115 psig. The plants produced sweet gas containing 1-2 ppm H2S and less than 100 ppm 

Table 2-23 
Performance Data for Typical Aqueous Diethanolamine Plant Absorbers Used to 

Remove H# from Refinery-Gas Streams 
~~ ~ ~ ~ ~ 

H2S Grains1100 scf 
Absorber Pressure, psig Temperature,OF In out 
16 trays (1) 101 66 3.196 15 
26 ft of 3-in. rings (1) 225 140 1,490 26 
2-in. rings (1) 250 140-155 260 6 

30 ft of %-in. rings (3) 175 125-130 2,500 15 
Sources: 1. Reed and Wood f1941). 2. Love (1941). 3. Anon f1946) 

5 1 -ft packing (2) 150 95-100 1,500 5 
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Table 2-24 
Operating Data for Aqueous Diethanolamine Plants Treating Natural Gas 

Gas Feed Rate, MMscfd 
Solution Flow rate, gpm 
Solution Composition, w t 8  DEA 
Feed Gas Analysis 

HzS, ~01% 
co2, Y O 1 9  

COS, ppm 
Outlet Gas Analysis 

HIS, gr/lOO scf 
C02, ppmv 
COS, ppmv 

Lean Solution Loading, mole/mole 
H2S 
coz 
Total acid gas 

H2S 
coz 

Rich Solution Loading, moldmole 

Total acid gas 

Number of Trays 
Pressure, psig 
Lean Solution Temperature,"F 
Rich Solution Temperature,"F 
Gas Inlet Temperature,"F 
Gas Outlet Temperature,"F 

Number of Trays 
Stripper Top Tray Pressure, psig 
Reboiler Temperature,"F 

Steam to Reboiler, lbkal. Solution 

Absorber 

Stripper 

35.5 
1,540 

20 

15.0 
10.0 
300 

0.28 
20 
0 

0.0219 
0.0063 
0.0282 

0.423(3) 
0.274(3) 
0.697(3) 

30 
1,000 

124.5 
- 

- 
- 

20 
25 
272 

0.995 

2.92 
188 
28.7 

0.054 
1.3 
- 

0.01 
150 
- 

- 
- 

0.01 

- 
- 
0.50 

20 
900 
102 
109 
72 
108 

31 
9.8 
241 
0.85 

452 
1061 11 

28.9 

0.5 
7.0 
- 

0.05 
200 
- 

- 
- 

0.02 

- 
- 
0.44 

20 
220 
95 
133 
48 
81 

20 
19 

24 1 
- 

Sources: 1. Berthier (1959). 2. Butwell and Perry (1975). 3. Calculated valuesfrom Vaz et al. (1981) 

C02. They also removed about 90% of the COS and a small fraction of the mercaptans pre- 
sent in the feed gas. Data on the organic sulfur removal in one of these plants are given in 
Table 2-26. The absorbers operate at unusually high temperatures (e.g., lean amine temper- 
atures as high as 150°F). It is possible that this high temperature favors COS removal (by 
increasing the rate of the hydrolysis reaction) and inhibits mercaptan removal (by reducing 
equilibrium solubility). 
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Table 2-25 
Operating Data for Aqueous DGA Plants Treating Natural Gas 

Plant A B-1 E 2  
~~ 

Gas Feed Rate. MMscfd 
Solution Flow rate, gpm 
Solution Concentration, w t8  DGA 
Feed Gas Analysis 

HZS ~ 0 1 9  
co-, vol8 

Outlet Gas Analysis 
HZS @/lo0 scf 
cop VOlTi 

Lean Solution Loading 
H2S. gdgallon 
COz mole/mole amine 

H2S mole/mole amine 
C 0 2  mole/mole amine 

No. of trays 
Pressure, psig 
Lean Solution Temp.,"F 
Rich Solution Temp.,"F 

No. of trays, shipping 
No. of rays, reflux 
Pressure, psig 
Reboiler temperature,"F 

Rich Solution Loading 

Absorber 

Shipper 

6 
172 
50 

5.48 
6.52 

0.205 
- 

2 
0.04 

0.09 
0.18 

25 
140 
120 
156 

21 
4 
13 

255 

~~ 

121 
556 
60 

0.5-1.25 
1.5-3.75 

4 . 2 5  
<0.01 

~ 

83 
426 
56.5 

0.74 
3.46 

0.01-0.05 
0.0093 

-2 1 
0.09 

0.06 
0.33 

20 
550 
88 
171 

16 
4 

7.25 
250 

Soirees: Plant -4 data from Harbison and Dingman (1972j, Plant B-I data from Holder (19661, 
Plant B-2 data courtesy Fluor Daniel (1995) 

  ethyl diet ha no la mine and Mixed Amine Plants 

Ammons and Sitton (1981) describe an extensive series of tests conducted on a commer- 
cial natural gas treating plant using aqueous MDEA to selectively remove H,S in the pres- 
ence of a much larger concentration of C02 The approximate results of eight of the tests are 
presented in Table 2-27. Although complete operating data are not given, the results are of 
interest in showing the effects of MDEA concentration, solution flow rate, absorber tempera- 
ture, and the number of active trays on the amount of C 0 2  that passes through the absorber 
unabsorbed (slippage). The results can be summarized as follows: 

COz slippage increases with 

1. Increased MDEA concentration (compare tests 1 and 2). 
2. Decreased solution flow rate (compare tests 2 and 3? and also tests 6 and 8). 



Table 2-26 
Organic Suhr Removal by DGA Solution 

cos CH3SH 

Sour Gas, ppmv 
Te.st A 44.1 
Test B 54.2 
Test C 54.4 

Test A 4.4 
Test B 4.2 
Test C 7.4 

Sw7eet Gas, ppmv 

Average Removal, '32 90 

85.2 
78.1 
85.0 

63.3 
74.5 
75.6 
14 

28.4 
33.5 
29.9 

27.5 
29.4 
23.6 
12 

Abres: 
I .  Tests -4, B. and C were conducted about I week apart on the Beiri gas plant in Saudi Arabia. 
2. Inlet gas averaged about 6.8% H-S. 
3. Solution contained j & S %  DG.4. 
Source: Hwal and van de Venne (1981) 

Table 2-27 
Operating Data from a Commercial MDEA Selective Natural Gas Treater 

Gas Feed Rate, MMscfd 
Absorber Pressure, psig 
Feed Gas Temperatures,"F 
Feed Gas Analysis 

HIS. ppm 
co:, vol% 

Test Number 
Feed Tray 

80 
940 
90 

40-60 
3.83 

1 2 3 4  
0 10 10 10 

6 7 8  
0 20 10 

Amheconcentration, %MDEA 39 53 53 49 49 46 46 43 
Amine Feed Temperature,"F 117 117 116 111 132 114 114 116 
Amine Circulation Rate(') I I L I  1 I 1 H  
CO-, Slippage %(2) 61 70 75 70 65 70 53 60 
,Votes: 
1. L = low amine circulation rate (I pump), I = intermediate amine circulation rate @pumps), H = 

high amine circulation rate (3 pumps). dcmaljlow rates not reported. 
2. H-S in product gas less than 1 ppm unless shipping is inadequate. At minimum amine solution 
flow rate and mininium number of trqs,  a steam rate of 1.2 Ib/gallon caused H$ content ofprod- 
iict gas IO be Ippm, but increasing steam rate to 1.44-1.56 Ib/gallon produced gas conraining 
less than 1 ppm H,S at all absorber conditions. 

Source: Table based on data reported by Ammons and Sitton (1981) 

5 
0 
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3. Decreased temperature (Compare tests 4 and 5). 
4. Decreased number of trays (Compare tests 6 and 7). 

Only 8 of 18 tests are included in the table. In all but one of the 18 tests (with minimum 
solution flow rate and 10 trays) the H2S content of the product gas was less than 1 ppm. 
However? even in this one test, increasing the steam rate to the reboiler from 1.2 to 
1.44-1.56 lb steam per gallon of solution at the same absorber conditions resulted in a return 
to less than 1 ppm H2S product gas. Production of a product gas containing less than 1 ppm 
H2S was maintained at solution feed temperatures as high as 145"F, although C02 slippage 
declined as the solution temperature increased (Ammons and Sitton, 1981). 

Detailed operating data on a plant using an aqueous mixture of MDEA and DEA are given 
by Harbison and Handwerk (1987). The use of an amine mixture was not intentional in this 
case, but apparently resulted from carryover from a DEA plant or the inadvertent use of 
DEA as makeup to the MDEA unit. Operating data taken on the system during a 24 hour test 
run are summarized in Table 2-28. During the test period the solution contained 21.88 
MDEA and 4.2% DEA. The results of the test showed the plant to be capable of producing 
gas containing only about 0.002 vol% H?S (i.e., 99% removal) while removing only about 
32% of the C02. Vickery et al. (1988) used the Harbison and Handwerk plant data to verify 
the performance of the GASPLANT-PLUS flow sheet simulator with the AMCOLR rate 
model for amine columns. The model duplicates actual plant performance reasonably well, 
and predicts that pure (25%j MDEA will provide greater selectivity (more CO2 in the prod- 
uct gas) and purer product gas, with regard to HIS, than a mixed amine of the type actually 
used in the plant. 

Diisopmpanolamine Plants 

Operating data for three ADP process plants, which employ aqueous DIPA solutions, are 
provided in Table 2-29. These plants operate at pressures from 59 to 360 psig on gases from 
high-temperature oil processing units which usually contain COS and CS2. Data on COS 
removal are given for Plant 1, and indicate that the ADP process removes 50% of the COS 
present in the feed gas. With regard to H2S removal, the product gas purity varies from 2 
ppm for Plant 1, which treats 350 psig gas with an H2S:C02 ratio of 1:11, to 100 ppm for 
Plant 3, which treats a gas containing 15.6% H2S and no C 0 2  at a pressure of only 59 psig 
(Klein, 1970:). 

Organic Sulfur Removal by Amine Solutions 

This section covers the removal of COS, CS?, and light mercaptans from gas streams by 
amine solutions. These are the principal organic sulfur compounds normally encountered in 
fuel and synthesis gases. The removal of organic sulfur compounds from liquid hydrocar- 
bons is discussed in the next section. The presence of the above components (and many other 
reactive species) in a gas to be treated raises two questions: (1) How much, if any, of the 
material will be removed during the treating operation? and (2) will the impurities cause 
deterioration of the amine solution'? The question of solution deterioration by reaction with 
various gas impurities is discussed in detail in Chapter 3; this discussion is concerned pri- 
marily with removal of carbonyl sulfide, carbon disulfide, and mercaptans from the gas by 
amine solutions. 
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Table 2-28 
Operating Data for Plant Using a Mixed Aqueous Amine Solution 

Containing MDEA and DEA 

Gas Feed Rate, MMscfd 5.935 
Solution Flow Rate, gpm 76.4 
Solution Composition 

MDEA, wt% 21.8 
DEA, wt% 4.2 

c02, VO19 19.20 
HlS, ~01% 2.078 

c02, vol% 14.38 

Feed Gas Analysis 

Product Gas 

H2S, ~01% 0.022 

COz, moldmole amine 0.02 
H2S, mole/mole amine 0.004 

Lean Solution Loading 

Rich Solution Loading 
CO?, moldmole amine 0.545 (0.4821')) 
H2S, moldmole amine 0.187 (0.157(')) 

Diameter, I.D., ft 3 
Solution Feed Tray (from bottom) 10 
Pressure, psia 134 
Lean Amine Temp.,"F 118 
Rich Amine Temp.,"F 139 
Sour Gas Temp.,"F 94 
Bulge Temp.,"F 145 
Bulge Max. Temp. Tray 2 

Absorbe@) 

Effective Heat of Reaction 
Contactor, Btuflb acid gas 514 
Stripper, B d b  acid gas 512 

Notes: 
1. Values in parentheses are based on gas analysis. 
2. rlbsorber contained single pass vahse hap with 2-in. weir height and 24-in. spacing. 
Source: Harbison and Handwerk (1987j 

Carbonyl Sulfide (COS) and Carbon Disulfide (CSJ 

COS and CS2 are discussed together because they usually occur together and have quite 
similar chemical characteristics (e.g., they both undergo hydrolysis with water to form H2S 
and C02). However, COS is much more common and has been the most widely studied. It is 
therefore covered in greater depth. 

COS and CSz removal from gases by amine solutions may involve one or more of the fol- 
lowing mechanisms: 
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Table 2-29 
Operating Data of ADlP Plants 

Plant 1 2 3 

Gas feed, cu ft/hr 700,000 85,000 1,200,000 
H2S, percent 0.5 10.4 15.6 

- CO?, percent 5.5 2.5 
COS, ppm 200 - - 

Absorber pressure, psig 350 280 59 
Absorber temp.,’F 104 95 104 
No. of trays in absorber 25 20 15 

H I S ,  PPm 2 10 100 
COS, ppm 100 

Steam, lbflb acid gas removed 1.3 1.8 2.3 

Outlet gas: 

- - 

Power, KWH per ton of acid gas removed 14 15 6 
.votes: 
Plant I :  Synthesis gas from oil gasiycation unit. 
Plant 2: Gasesfrom catalytic cracking unit. 
Plant 3: Offgases from gas oil hydi-odesuljimker. 
Source: Klein f1970) 

1. Hydrolysis (i.e.: reaction with water) to form HIS and COI which may subsequently be 

2. Direct reaction with the amine to form a relatively stable compound (which may or may 

3. Physical solubility in the solution. 

absorbed. 

not be regenerable). 

Hydrolysis is believed to be the primary mechanism when significant quantities of COS or 
CS2 are removed from gas streams by amine solutions. Direct reaction can also be important, 
particularly when a nonregenerable reaction product is made; in fact, it is the primary reason 
MEA is considered unsuitable for treating gases containing COS andor CS2. Physical solu- 
bility is generally very low, but to the extent that it does occur, it aids removal efficiency. 
and acts as a first step in the other two mechanisms. 

The hydrolysis reactions are 

COS + H20 = CO, + H2S (2-444) 

CSI  + 2H20 = COZ + 2HzS (2-45) 

The hydrolysis reactions occur to some extent in all aqueous amine solutions; however, 
the efficiency of removal by this means depends on the amine basicity, the temperature. and 
the time of contact, with hydrolysis increasing with increases in all three parameters. 

With MEA solutions, COS reacts by both hydrolysis and direct reaction. Unfortunately, 
the direct reaction between MEA and COS results in the formation of a nonregenerable prod- 
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uct, and the rate is high enough to make MEA unsuitable as an absorbent for gases with high 
concentrations of COS. DEA also undergoes both hydrolysis and direct reaction with COS. 
As with MEA, the direct reaction results in the formation of a nonregenerable compound 
however, the rate of formation is extremely slow, so DEA can be used effectively to treat gas 
streams containing COS. According to Butwell et al. (1982), only about 2 8  of the COS in 
the feed gas stream reacts irreversibly with DEA; while overall COS removal efficiencies of 
7040% are attainable, primarily by hydrolysis. They claim that even higher levels of COS 
removal can be attained with DEA solutions by eliminating the competition of HIS and C02 
for reaction sites; Le., contacting the gas with lean DEA solution in a second stage after H,S 
and C02 have been removed in the first stage. Additional data on the reactions of COS with 
MEA and DEA are provided by Peace et al. (1961). 

DIPA is reported to react with COS even more slowly than DEA (Danckwerts and Sharma, 
1966). Aqueous DIPA solutions can thmfore be used for treating gases containing COS with- 
out serious deterioration. Ac-g to Klein (1970), DIPA, as used in the ADP process, is 
suitable for partial removal of COS from gas streams. The Sulfinol process, which uses a mix- 
ture of DPA and Sulfolane, reportedly provides very complete COS removal (see Chapter 14). 

DGA is a primary amine which is chemically related to MEA and also reacts quite rapidly 
with COS. Fortunately, the main product of the reaction decomposes under conditions 
encountered in a DGA solution reclaimer allowing DGA solutions to be used for gases con- 
taining COS. Furthermore, the process can be operated to enhance COS hydrolysis and 
thereby provide effective COS removal. As previously mentioned, two key factors in COS 
hydrolysis are temperature and contact time. Two key features of the Fluor Daniel Improved 
Econamine Process, which is claimed to provide efficient COS removal, are operating at ele- 
vated temperatures and providing adequate contact time. Huval and van de Venne (1981) 
report on experience with 5 large DGA plants operating in Saudi Arabia. These plants oper- 
ated with lean amine temperatures as high as 150°F. One typical unit averaged about 90% 
COS removal (see Table 2-26). 

Singh and Bullin (1988) examined the kinetics of the reaction between COS and DGA 
over a temperature range of 307 to 322°K (93 to 120°F). They concluded that the reaction is 
controlled by hydrolysis and that the DGA has a catalytic effect on the hydrolysis reaction. 
The reaction was found to follow a second order rate equation; first order in COS and first 
order in DGA. A competing reaction occurs to form N,N’bis (hydroxyethoxyethyl) thiourea 
(BHEEU) which, fortunately, reacts with water at high temperatures to regenerate DGA. 

The absorption of COS in aqueous solutions of MDEA was studied by Al-Ghawas et al. 
(1988). They concluded that the overall reaction between COS and MDEA is given by the 
following equation: 

R$J + HzO + COS = R3NH+ + HCO$ (2-46) 

They performed laboratory tests to measure the rate of COS absorption in MDEA and 
used a model based on the penetration theory to calculate the kinetic rate constant for equa- 
tion 2-46. The results should be of value in rigorous design calculations to predict the frac- 
tion of COS in a feed stream that will be absorbed in a commercial MDEA contactor. 

Rahman et al. (1989) conducted an experimental study to determine the products of reac- 
tion between COS and several different amines. The protonated amine thiocarbamate salt 
was detected in the reaction products of COS with MEA, DEA, and DGA. The DIPA thio- 
carbamate salt could not be detected, possibly because the DIPA-COS reaction was too slow 
to provide enough reaction product for detection by the method employed. The tertiary 
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amines, MDEA and dimethylethanolamene (DMEA), did not give any evidence of reaction 
with COS in these tests. The second order rate constants for reactions between COS and 
MEA, DEA, and DIPA have been reported to be 16, 11, and 6 Mol-' s-l, respectively at 
25°C. (Danckwerts and Sharma, 1966; Shanna and Danckwerts, 1964; Sharma, 1965). 

Mercaptans are substituted forms of H2S in which one of the hydrogen atoms is replaced 
by a hydrocarbon group. They have the general formula RSH, and their properties are gov- 
erned to a large extent by the length of the hydrocarbon chain, R. Like H2S they have acidic 
properties, but because of the hydrocarbon radical, they are much weaker acids than H2S. 
Mercaptans behave less like acids and more like hydrocarbons as the hydrocarbon chain 
length increases. 

Because of their acidic properties, mercaptans can react with alkalies to form mercaptides; 
however, the salts are weakly bonded and readily dissociated. As a result, the solubility of 
mercaptans in alkaline amine solutions tends to be higher than would be expected on the 
basis of simple physical solubility, and increases with increased alkalinity while decreasing 
with increased temperature. Since the partial pressure of mercaptans in most gases is very 
low and the quantity of solution flowing is based on the more reactive acid gases (H2S and 
COz), the percent removal of mercaptans in most amine plants is small. 

According to Butwell et al. (1982), the approximate removal efficiencies by MEA and 
DEA plant solutions are as follows: 

Methy mercaptan 45-558 

Ethyl mercaptan 2&258 
Propyl mercaptan &lo% 

Huval and van de Venne (1981) describe several large DGA plants in Saudi Arabia treat- 
ing gas streams containing 3 4 %  HzS and 8-14% COz at contact pressures as low as 115 
psig. The plants produced sweet gas containing 1-2 ppmv H2S and less than 100 ppmv COP 
The.y also removed about 90% of the COS and a small fraction of the mercaptans present in 
the feed gas. Data on organic sulfur removal in one of these plants are given in Table 2-26. 
The absorbers operated at unusually high temperatures with lean amine temperatures as high 
as 150°F and much higher (but unreported) temperatures within the contactors. It is possible 
that these high temperatures favored COS removal (by increasing the rate of reaction), but 
inhibited mercaptan removal by reducing the equilibrium solubility. 

Harbison and Dingman (1972) describe a small DGA plant that was reported to remove 
about 989  of the mercaptans from a natural gas stream. This unit operated with a very low 
rich solution acid gas loading (0.27 mole acid gas per mole amine). a moderate contactor 
bottom temperature (rich solution 156"F), a tall absorber (25 perforated trays), and a concen- 
trated amine solution (50% DGA), all of which would be expected to enhance mercaptan 
removal efficiency. It should be noted, however, that the 98% efficiency value is based on 
the absorber inlet and outlet gas analyses. If the mercaptan removal efficiency is based on 
the amount of mercaptan in the feed gas to the absorber and the amount found in the acid gas 
stream. a removal efficiency of only about 454  is calculated. Kenney et al. (1994) claim that 
DGA solutions can achieve mercaptan removal levels as high as 90%. 
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Fortunately, mercaptans do not appear to react with any of the amines to form nonregener- 
able compounds. Rahman et al. (1989) looked for possible reactions between methyl mer- 
captan and MEA, DEA, DGA, DIPA, and MDEA and found none. 

Process Description 

Amine-based liquefied petroleum gas (LPG) and gas treating processes are similar in that 
both involve contacting a low density hydrocarbon phase (liquid or gas) with a heavier, 
immiscible liquid phase (aqueous ahnolamine solution). Carbon dioxide, hydrogen sulfide, 
and carbonyl sulfide in the hydrocarbon phase are transferred to the aqueous phase where 
they react with the amine. Spent amine solution is removed from the contactor, regenerated, 
and recycled. In gas treating units, the gas is usually (but not always) the continuous phase 
because of the large volumes of gas involved and the limited gas flow capabilities of flooded 
columns. In LPG treaters, however, the volumetric flowrate of the hydrocarbon phase is rela- 
tively low, although usually larger than that of the amine, and designs with either phase con- 
tinuous may be considered. 

According to Tse and Santos (1993), the choice of amine as the continuous phase and 
LPG as the dispersed phase offers two advantages: 

1. The total surface area for mass transfer is maximized when the dispersed phase has the 

2. Droplet residence times and mass transfer rates are increased when LPG is dispersed into 
larger flow rate. 

the higher viscosity continuous amine phase. 

Using amine as the continuous phase also increases the LPG treater amine residence time 
and provides more time for the operator to intervene if the interface level controller fails. 
This minimizes the chance of hydrocarbon breakthrough causing a major sulfur plant upset. 

The advantage of using LPG as the continuous phase is that the LPG Amine Treater 
capacity (gpm of LPG/fP of contactor area) is substantially higher when LPG is the continu- 
ous phase. Therefore, substantial capacity increases can often be achieved by a revamp 
which makes LPG the continuous phase. However, when LPG is the continuous phase, the 
height of packing equivalent to a theoretical stage is greater because the mass transfer area is 
less and the droplet residence time is decreased as previously noted. The vast majority of 
LPG treaters have amine as the continuous phase. And, unless otherwise noted, this is 
assumed in the following discussion. 

LPG contactors are typically countercurrent columns containing 1.5 or 2.0411. stainless 
steel or ceramic random packing. As the LPG flows upward through the bed, the droplets 
coalesce and mass transfer efficiency decreases. The maximum effective bed height is gener- 
ally thought to be about 12 ft (Strigle, 1994), and bed heights in the range of 8 to 12 ft are 
typically used. When more than 12 ft of packing are required, it is necessary to use multiple 
beds and to collect and redisperse the LPG entering each bed. Specially designed 
disperserlsupport plates are used beneath each bed to collect and redisperse the LPG and pro- 
vide support for the packing. 

Most LPG treating applications require no more than three beds of packing. In some cases, 
e.g., removal of carbon dioxide alone, a single bed of packing is adequate. Single stage con- 
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tact can be accomplished by the use of a single countercurrent packed bed or by the use of an 
efficient cocurrent contactor. Cocurrent contactors used for LPG treating usually consist of 
an eductor or in-line mixer followed by a phase separator. 

Figure 2-96 depicts a typical LPG treating system. In this case the LPG feed is the con- 
densed product of a refinery debutanizer column. The LPG is pumped on level control from the 
debutanizer column overhead accumulator and flows to a countercurrent liquid-liquid contactor 
which contains three beds of random packing. The LPG enters the bottom of the column, while 
filtemi lean amine is fed to the top of the column at a controlled, constant flowrate. 

The LPG feed is distributed evenly and formed into droplets by injection into the continu- 
ous amine phase at the bottom of the column. The lean amine is distributed across the top of 
the packing where it joins the continuous amine phase. The density difference between the 
two phases causes the dispersed LPG to flow upward through the continuous amine phase. 
The LPG/amine interface is maintained above the top bed and the amine distributor by an 
interface level controller which controls the rate of discharge of rich amine from the bottom 
of the contactor. 

The treated LPG leaves the contactor and flows to a gravity settler or coalescer where 
entrained droplets of amine are removed from the LPG. Figure 2-96 shows a gravity settler 
which also includes a LPG water wash system. Washing the treated LPG with water 
improves the recovery of entrained amine and also removes dissolved amine from the LPG. 
As shown in Figure 2-96, makeup wash water is added on flow control; while the water- 
amine purge stream is discharged on level control. A portion of the water-amine stream from 
the settler is recycled to the LPG stream entering the water wash mixer. Usually the wash 
water flow rate is about 25% of the LPG flow. The combined water-LPG stream flows 
through a static mixer or other mixing device and then to the gravity settler. If required, the 
LPG from the settler may be further processed in other treating units, such as an extractive 
Merox unit to remove mercaptans. The operating pressure of the entire LPG treating system 
is controlled by a pressure controller located downstream of the final LPG treating unit. 
An alternate design, depicted in Figure 2-97, is often used when only one theoretical con- 

tact stage is required. In this application, LPG and amine are contacted in either an eductor 
or a static mixer and the intimate mixture of the two liquid phases is sent to a settling tank 
where the two phases are separated. The rich amine is discharged from the settler on level 
control and lean amine is added on flow control. A relatively large flow of rich amine is 
recycled through the eductor to assure an adequate surface area for transfer of C02 from the 
LPG to the amine. A single stage contactor system is commonly used for C02 removal from 
natural gas plant liquids (NGL) when hydrogen sulfide is not present and very high efficien- 
cy carbon dioxide removal is not required (Bacon, 1972; Perry, 1977, B; Honerkamp, 1975). 

Design Data 

Liquid-Liquid Equilib~uium Data for Hfi and CO, 

The development of rigorous design methods for LPG treaters has been hampered by the 
lack of liquid-liquid equilibrium (LLE) data for amines and sour hydrocarbon liquids. Early 
designs were based on empirical rules of thumb and field experience with existing units 
operating under similar conditions. 

( r a r  continued on page 160) 
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Figure 2-97. Single-stage liquid hydrocarbon COP removal system with material 
balance. (Bacon, 7972) 
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(tar continiredfrompage 157) 

An approach for generating approximate LLE data, which could be used with convention- 
al graphical or analytical methods for estimating the required number of stages or packing 
height, was suggested by Honerkamp (1975). The method is based on the principle that when 
two phases are in equilibrium with the same third phase, they must also be in equilibrium 
with each other. In Honerkamp’s method, a hypothetical gas phase is assumed to be in equi- 
librium with both the aqueous amine and LPG phases. This allows the large amount of pub- 
lished gas-liquid equilibrium data to be used for liquid-liquid applications. For example, the 
vapor pressure of COz, Pm2, above the amine solution is estimated by extrapolating avail- 
able amine-carbon dioxide gas-liquid equilibrium data to the appropriate range. Then, 
assuming that the LPG is in equilibrium with the same hypothetical vapor phase, the concen- 
tration of C02 in the LPG is estimated using Raoult’s law: 

(2-47) 

where VP,, is the vapor pressure of pure COz liquid at the LPG treating temperature (up to 
the critical temperature of COz). A similar procedure was proposed for H2S. This approach 
was found to underestimate the carbon dioxide concentration in the LPG by a factor of about 
6. To correct for this error and add a factor of safety, Honerkamp suggested that equilibrium 
acid gas concentrations in LFG estimated by this method be increased by a factor of 12 to 
obtain values to be used in design. 

Holmes et al. (1984) modified the Honerkamp approach to improve its accuracy and adapt it 
to computer simulation. They used the Kent-Eisenberg correlation to calculate the vapor pres- 
sures of carbon dioxide and hydrogen sulfide over the amine solution, and the SoaveRedlich- 
Kwong equation of state to correlate the vapor pressures of the acid gases over the LPG phase. 
Equating the two correlations for each acid gas produces an expression that relates the concen- 
tration of the acid gas in the amine solution to its concentration in the LPG phase at equilibri- 
um. This expression can then be used to generate liquid-liquid equilibrium curves and, with 
conventional column design techniques, to estimate the required number of theoretical stages. 

If additional precision is desired, the basic approach of Honerkamp and Holmes could be 
M e r  improved by using a more rigorous model for predicting the acid gas-amine solution 
equilibrium (e.g., the Deskmukh-Mather (1981) or Austgen et al. (1991) correlation coupled 
with the Peng-Robinson equation of state to defiie the acid gas-LPG equilibrium. 

Holmes et al. (1984) describe the use of their LPG/amine equilibrium model in the 
TSWEET process simulation program to design LPG treaters. The TSWEET program, 
which was originally written for gas treatment plants, is based on rigorous tray-by-tray cal- 
culations. A comparison of the calculated results with actual plant operating data is given in 
Table 2-30. The operating data for plants 1 through 7 were originally reported by Hon- 
erkamp (1975). Although the measured product LPG acid gas concentrations are limited in 
number and precision, the results indicate that the calculation method provides a reasonable 
prediction of plant performance. Additional operating data for LPG treaters using random 
packing are reported by Tse and Santos (1993). 

The use of the Holmes et al. calculation method to evaluate contactor design alternatives 
is described by Fleming et al. (1988). They considered MEA, DEA, and MDEA solutions for 
reducing the carbon dioxide concentration in 50 gpm of LPG from 7.7 mole 8 to 0.16 mole 
o/c. Both packed columns and static mixer/coalescer systems were evaluated. As a result of 
the study, a singlestage static mixer/coalescer was selected. Operating data showed the unit 
to be capable of reducing the C02 concentration to 0.10 mole % using 70 gpm of 25%. DEA. 
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Table 2-30 
Comparison of LPG Treater Operating Data with LLE Calculations 

Case 1 2 3 
Plant Plant Plant 
Data Calculated Data Calculated Data Calculated 

Hydrocarbon 
Rate, a m  
T,"F 
P, psig 

COz in, ppm 
H2S in, ppm 
CO, out, ppm 
H2S out. ppm 
Amine 

wt% 
Flow, gal/min 
Ideal Stages** 
Lean Loading* 
Rich Loading* 

Contactor 

Packing Type 

100 103 
50-60 55 
500 500 
10,000 10,000 

0 0.056 

MEA MEA 
20 20 
10.8 10 

3 
0.10 0.108 
0.44 0.44 
three 124 sections of 

1-in. Intalox 

- - 

- - 

- 

psckitlg 
- .. 

Contactor. Diam., in. 30 

780 780 
90 90 
535 535 
2,030 2,023 
Trace 2.7 
e100 0.42 
- 0.01 

MEA MEA 
15 15 
34 34 

2 
0.10 0.13 
0.28 0.32 
two 124 sections of 

- 

Packing - 
- 

208 210 
77-89 83 
835 835 

33,000 33,000 

Trace 0.4 

MEA MEA 
20 20 
54 50 

2 
0.10 0.1 1 
0.53 0.53 

- - 

- 

18 ft of packing 

48 
- 

Case 4 5 6 
Plant Plant Plant 
Data Calculated Data Calculated Data Calculated 

Hydrocarbon 
Rate, gpm 265 273 42 44 21 22 

85 T,"F - 80 80-90 85 
P: psig 305 305 - 200 265 265 

COz in, ppm 2,460 2,450 5,000 5,020 nil - 
H2S in. ppm 270 270 - - 1,080 1,080 
C02 out, ppm Trace 1.2 100 47 
H2S out, ppm nil 5.9 - - nil 9.2 

- 

- - 

Amine DEA DEA MEA MEA MEA MEA 
wt%. 20 20 a 8 5 5 
Flow,gal/min. 20 20 5.3 5.3 5 5 

1 Ideal Stages** - 
LeanLoading* 0.07 0.05 0.10 0.10 0.07 0.07 
Rich Loading* 0.30 0.27 0.44 0.13 0.13 0.13 

Contactor two 8-ft sections of packing 10 perforated trays jet eductor-mixer 
Packing Type 1%" ceramic 
Contactor Diam.. in 66 

- 1 - 2 

(table continued on nextpage) 
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Table 2-30 (Continued) 
Comparison of LPG Treater Operating Data with LLE Calculations 

Case 7 Normal 7 Maximum 8 
Plant Plant Plant 
Data Calculated Data Calculated Data Calculated 

Hydrocarbon 
Rate, gpm 
T, OF 
P, psig 

COz in, ppm 
HIS in, ppm 
C02 out, ppm 
HIS out. ppm 
Amine 

wt% 
Flow, gallmin. 
Ideal Stages** 
Lean Loading* 
Rich Loading* 

Contactor 
Packing Type 
Contactor Dim., in. 

250 250 
55 55 
435 435 
2,260 2,200 

nil 0.90 

MEA MEA 
15 15 
100 110 

1 
0.20 0.20 
0.22 0.22 

- - 

- - 

- 

jet eductor-mixer 
- 
- 

200 205 
55 55 
435 435 
6,675 6,630 

138 74 

MEA MEA 
15 15 
100 93 

1 
0.38 0.38 
0.46 0.45 

- - 

- - 

- 

jet eductor-mixer 
- 
- 

105 105 
100 100 
385 385 
7,260 7,260 

660 158 

DEA DEA 
30 27 
14 14 

1 
0.03 0.03 
0.25 0.32 

- - 

- - 

- 

static mixer 
- 
- 

Xores: 
*Loadings are mole of acid- per mole of amine. A lean solution loading of 0.1 mohwl M.W assumed if no 
infornmioii was available. 

**Equilibrium stages used in the absorber. 
Source: Holmes et al. 11984) 

Experimental data on the distribution of H2S between an aqueous h4DEA solution and liq- 
uid propane have recently been reported by Carroll et al. (1993). A small portion of this data 
is reproduced in Table 2-31. The results indicate that for solution loadings less than 1.0 mole 
H2S/mole MDEA, there is a linear relationship between the logarithm of the amine loading 
and the logarithm of the mole fraction H2S in the propane. The relationship is 

delta log x / delta log R = 2.4 (2-48) 

Where: x = mole fraction H2S in liquid propane. 
R = moles H2S/mole h4DEA in the aqueous solution. 

This relationship indicates that an order of magnitude change in the solution loading results 
in more than two orders of magnitude change in the concentration of HIS in the propane. 

Data on the distribution of C02 between phases in the system carbon dioxidepropane- 
3M MDEA are reported by Jou et al. (1995B). The vapor-amine solution equilibrium data 
were found to closely match predictions of the Deshmukh-Mather (1981) correlation. The 
vapor-liquid equilibrium for the system C02-propane appeared to fit the Peng-Robinson 
(PR) equation of state. 
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Temp 
OC 

25 

40 

Table 2-31 
Three Phase Equilibrium in the System H+Propane-3M MDEA (Aqueous) 

Liquid Propane 

Total H2S Mole H2SIMole Mole Propand Mole Fraction 
Gas Phase Aqueous Amine Phase Phase 

Pressure, W a  Partial Pressure, KPa Amine Kg Solvent H2S 

960 0.154 0.065 0.019 0.00003 
0.00022 966 1.03 0.166 0.017 

966 2.91 0.286 0.014 0.00073 
995 18.8 0.625 0.012 0.00518 

1,050 89.9 0.909 0.010 0.0179 

1,380 0.152 0.050 0.020 0.00003 
1,382 1.87 0.157 0.018 0.00031 
1,420 9.17 0.335 0.015 0.00178 
1,430 46.2 0.670 0.012 0.01 11 
1,490 118.6 0.847 0.01 1 0.0278 

Source: Carroll et al. (1 993) 

Mutual Solubility of Amines and LPG 

Carroll et al. (1992) conducted a comprehensive study of phase equilibria in the system 
propane-3M MDEA solution including vapor-liquidl liquid-liquid, and vapor-liquid-liquid 
equilibria. Data on propane solubility in the amine solution are of particular interest because 
dissolved hydrocarbons represent a loss of valuable product, and, when stripped from solu- 
tion with the acid gases, can affect performance of a downstream sulfur conversion unit. The 
study showed that the solubility of propane in 3M MDEA is low, but more than twice its sol- 
ubility in pure water under the same conditions. For example, at 100°F (37.8"C) and a 
propane pressure of 10,000 E a  (1,450 psia), the mole fraction propane in the 3M MDEA 
solution was found to be about 0.0006. This compares to a mole fraction of propane in pure 
water of about 0.00025 under the same conditions. 

Both Veldman (1989) and Stewart and Lanning (1991, 1994A, B) report solubility data 
for MEA, DEA, and MDEA in hydrocarbons. Both sets of data show that at a given wt%, 
amine concentration, MEA is the most soluble, followed by MDEA, and then by DEA. 
Stewart and Lanning (1991, 1994A, B) report considerably higher amine solubilities in 
hydrocarbon than Veldman (1989). Since the data of Carroll et al. (1992) for the solubility of 
MDEA in propane closely match the Veldman data, the latter are reproduced in Figure 2-98. 
This figure can be used to estimate the residual solubility of amines in LPG after water 
washing and to estimate the required water wash make-up rate. 

Distribution of Organic Sulfur Compounds 

In addition to H2S and COz, LPG and related light hydrocarbon streams may contain COS, 
CS2, mercaptans, and other organic sulfur compounds. The amounts of each present depend 
on the concentration in the original plant feed material and the hydrocarbon processing steps. 
Unfortunately, thz distribution of organic sulfur compounds cannot be predicted accurately 
by commonly used equations of state, such as that of Soave-Redlich-Kwong (SRK). The use 
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Figure 2-98. Solubility of ethanolamines in saturated hydrocahons at 25°C. (Ve/dman, 
1989 

of interaction parameters to correct SRK predictions for sulfur compounds in hydrocarbon 
systems is discussed by Goel et al. (1982). 

Examples of sulfur compound distributions in natural gas liquids are given by Goel et al. 
(1982) and by Petty and Naeger (1987). The reported distributions are quite different, but 
generally show the following: 

1. Almost all of the H2S goes to the ethane product with a small amount appearing in the 

2. The COS also divides between the ethane and propane products; however, most is associ- 

3. Methyl mercaptan goes primarily to the butane product, but significant amounts show up 

4. Ethyl mercaptan is split between the butane and gasoline fractions with most appearing in 

5. Propyl and higher mercaptans appear primarily in the gasoline. 

propane. 

ated with the propane. 

in the propane and even the ethane streams. 

the butane stream. 

Amine-type liquid hydrocarbon treaters can be designed to remove both H2S and COS 
efficiently, but mercaptans, which are much weaker acids than H2S, do not react significant- 
ly with amines. However, they can be made to react with stronger alkalies, such as sodium 
hydroxide. 
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LPG Treater Operating Conditions 

The operating temperatures and pressures of amine-type LPG treaters must be maintained 
within narrow limits to maintain the hydrocarbon in the liquid state, minimize hydrocarbon 
and amine entrainment, and optimize amine-hydrocarbon separation. Veldman (1989) rec- 
ommends that the lean amine temperature be controlled so that the viscosity is around 2 cen- 
tipoise at the aminelLPG interface to assure effective phase separation. The relationship 
between amine solution temperature and viscosity for several amines is illustrzted in the pre- 
vious section entitled “Physical Properties.” As the data indicate, operating temperatures 
must be greater than about 100°F for typical MEA: DEA, and MDEA solutions to meet the 2 
centipoise. viscosity requirement. Changela and Root (1986) report that low amine operating 
temperatures (60-70°F versus a design of 110°F) increased the viscosity of the lean amine 
solution at one plant to the point that a significant amount of LPG was entrained in the rich 
amine. This problem was corrected by increasing the lean amine temperature above 110°F. 
A similar problem was reported by DuPart and Marchant (1989) when low temperatures led 
to excessive amine entrainment in the LPG product. In this latter case, improved control of 
both the amine and LPG inlet temperatures reduced amine losses. 

As previously noted, the operating temperature must be below the LPG vaporization tem- 
perature throughout the treating system. The designer must carefully evaluate the pressure 
profile of the entire LPG treating system to ensure that an adequate safety margin is main- 
tained. Maximum and minimum LPG and amine operating temperatures should be consid- 
ered in making this evaluation and it may be desirable to p r o d e  some means of temperature 
control to ensure that neither the amine nor the LPG are too hot or too cold. The effect of the 
heat of reaction on the LPG bubblepoint should also be considered-particularly when treat- 
ing a very sour LPG. Typical design margins between the LPG bubblepoint pressure and the 
LPG treater operating pressure are often 100 psi or greater, and the difference between the 
LPG bubblepoint pressure and the minimum operating pressure in the LPG treating system is 
set by most designers at 50 psi or more. For example, Changela and Root (1986) describe a 
gas plant liquids treater where bubblepoint hydrocarbon liquids from a surge drum with a 
design operating pressure of 330 psig were treated at 500 psig. In this case the margin 
between the operating and bubblepoint pressures in the LPG treater was about 170 psi. 

Amine Solution Flow Rates and Composition 

Rigorous calculation of the minimum required amine flow rate, the maximum product 
purity attainable, and the relationship between amine flow rate and number of theoretical 
trays requires accurate liquid-liquid equilibrium data. As previously discussed, these data 
can be estimated by the approximate method of Honerkamp (1975) or the more precise 
method of Holmes et al. (1984). 
The maximum L E  purity possible represents equilibrium with the lean amine solution. 

Since equilibrium can only be approached in actual equipment, it is necessary to regenerate 
the amine to acid gas concentrations below the levels which would be in equilibrium with the 
desired LPG product. For the case of CQ removal from NGL with MEA, Honerkamp (1975) 
recommends that the lean amine be regenerated to less than 0.1 mole CQ/mole amine. 

The theoretical minimum amine flow rate occurs when the rich amine leaving the contactor 
is in equilibrium with the entering LPG. However, to provide an adequate driving force for 
mass transfer over the entire column, it is necessary to use an actual flow rate well above the 
minimum. As a rcsult, the rich solution loading is always below the equilibrium value. Typi- 
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cal recommended rich solution loading values for MEA, DEA, and DGA are given in Table 
2-32. These rich amine loading recommendations should be used with caution as the mini- 
mum amine circulation requirement is usually set by the approach to equilibrium at the bot- 
tom of the contactor. The calculation methods outlined by Honerkamp (1975) and Holmes et 
al. (1984) can be used to set the approach to equilibrium. Setting the approach to eqilibriw 
at the bottom of the contactor at 60 to 70% usually provides a conservative design margin. 
Table 2-32 also lists the amine concentrations recommended by several investigators. 

Table 2-32 
Recommended Solution Conditions for LPG Treating with Alkanolamines 

I Reference MEA DEA DGA I 
Amine Concentration wt% A 5-20 25-35 50-70 

- - B 4 8  
C 10-18 20-30 4 0  

Mole Amine A 0.3-0.4 0.35-0.65 - 
Rich Solution, Moles Acid Gas/ 

B c0.4 
D C O S  (CO?) 

References: 
A.  Holmes et al. (1984); B. Bacon (1972): C. Dupart and Marchant (1989); D. Honerkamp (1975) 

Once the lean and rich amine solution loadings have been selected, the required solution 
flow rate can be calculated by a simple material balance around the contactor. The required 
number of theoretical stages can be estimated using graphical or analytical techniques 
described in many standard texts (e.g., Treybal, 1963; Perry. 1963). 

If a graphical method is used, the material balance establishes the operating line, and the 
required number of theoretical stages can be stepped off between the operating line and the 
equilibrium curve. If too many theoretical stages are indicated (i.e., more than about 3), a 
lower acid gas loading in the rich solution should be assumed and the design procedure 
repeated. 

In addition to the restrictions on amine concentration and rich solution loading, the volu- 
metric flow rate ratio of the continuous phase (amine) to the dispersed phase (LPG) should 
be more than about 1:30 to ensure good mass transfer. Conservative design would call for a 
volumetric ratio of amine to LPG of 1:15 or greater. 

Absorber Designs 

Random Packed, Countercurrent Columns 

Packing Selection and Bed Height The use of packing increases mass transfer in the LPG 
contactor by increasing the residence time of the LPG droplets, reducing the possibility of 
back-mixing, and renewing the droplet surface film (Tse and Santos, 1993). Either metal or 
ceramic packings may be used. If amine is the continuous phase and if metal packing is used, 
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the packing should be wetted by the amine phase fist  when the plant is initially commissioned 
or after a turnaround (Tse and Santos, 1993: DUPart and Marchant, 1989; Strigle, 1994.j. 

According to Honerkamp (1975), typical random packing sizes for LPG treating are 1 to 
1!4 in. with 1 in. being the most common size. Tse and Santos (1993) and Perry (1977Aj 
state that the most common packing sizes for LPG treating are l!< in. to 2 in. Smgle (1994) 
states that for all liquid-liquid treating applications the maximum packing size should be 2 
in. with 1% in. the more common choice. Tse and Santos (1993) and DuPart and Marchant 
(1989) present an equation which indicates that random packing used for LPG treating 
should be X in. or ,pater. Also, according to Tse and Santos (1993) and Strigle (1994), the 
maximum packing size should be no greater than one-eighth the contactor diameter. All of 
these criteria are normally satisfied by the use of 1- to 2-in. packing. 

As the LPG flows up through a bed of random packing, the LPG droplets tend to coalesce 
and mass transfer efficiency is lost. Accordingly, there is a maximum effective bed height. If 
the packing height requirement exceeds the maximum effective bed height, it is necessary to 
divide the bed into two or more separate packed sections. The. LPG flowing into the upper 
bed is collected and redispersed to obtain good mass transfer. Honerkamp (1975) noted that 
LPG contactors with 16 ft of random packing performed as well as contactors with 36 ft of 
packing. While this suggests that individual bed heights should be limited to less than 16 ft, 
Honerkamp recommended that individual beds of random packing be restricted to a maxi- 
mum height of 8 ft for LPG treating service. Smgle (1994) recommends a maximum random 
packing bed height of 12 ft for all liquid-liquid contacting applications. For LPG treaters, 
Wart and Marchant (1989) also recommend that the maximum packing height per bed be 
limited to no more than 12 ft, since deeper beds result in a loss of efficiency. While the rec- 
ommendations differ somewhat, 12 ft is probably a reasonable estimate of the maximum 
effective bed height for LPG treating with typical 1H to ?-in. random packing. 

Each 8 to 12 ft bed of packing is approximately equivalent to one theoretical stage. When 
morc than one theoretical stage is required, it is necessary to use multiple beds with effective 
dispenser/support plates for each bed. Most liquid hydrocarbon treating requirements can be 
accomplished with three or less theoretical stages; therefore. one to three beds of packing are 
commonly used in commercial installations. 

Cantactor Diunzem. It has been common practice in the industry to base the diameter of 
packed LPG/amine contactors on the superficial velocity of the two liquid phases combined 
together. There is considerable variation in design superficial velocity recommendations. 
Perry (1977A, B) recommends sizing LPG contactors based on 15 gpm/ft2. Perry's recom- 
mendation, which is based on natural gas plant liquids, is supported by DuPart and Marchant 
(1989). Russell (1980) suggests a superficial velocity of 12 gpmlft', while Changela and 
Root (1986) and Veldman (1989) recommend 10 gpm/ft2. The GPSA Engineering Data Book 
(1987) recommends 20 gpm/ft'. A design superficial velocity of 15 gpm/ft2 is probably 
appropriate for natural gas plants because there is usually a large difference between the den- 
sity of the LPG and amine phases, the amine and the LPG are usually clean, and hydrocar- 
bon liquid production typically declines with time. In a refinery, 10 gpm/ft' would seem to 
be the proper choice because refinery capacity usually increases through a progressive series 
of revamps, the amine is often contaminated with particulates and surface active compounds. 
and the LPG usually has a higher gravip than gas plant liquids. In any case. design of a new 
LPG treater should be based on a design superficial velocity of 15 gpm/ft2 or less. 

The flooding correlation of Crawford and Wilke i1951j should be used with caution when 
emhating LPG treaters. Strigle (1994) suggests that LPG treater design be based on 12% of 
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the flooding velocity given by Crawford and Wilke, as flooding in L E  treaters can occur at 
209  of the flooding velocity predicted by that correlation. 

Distributors and Dispersers. If amine is the continuous phase, LPG must be evenly dis- 
persed at the bottom of each additional bed of random packing. Usually this is accomplished 
with a ladder type LPG distributor beneath the bottom bed and a separate disperserlsupport 
plate. beneath each additional bed of packing. The LPG ladder distributor holes should be 
pointed in the upward direction to minimize LPG entrainment in the rich amine u s e  and 
Santos, 1993). The disperser/support plate is designed so that the LPG pools below the plate 
and flows up into the random packing through orifices in the plate. Amine, which is the con- 
tinuous phase, flows through downcomers in the disperser/support plate. The number of 
downcomers required is determined by the amine flowrate (DuPart and Marchant, 1989; 
Strigle, 1994). See Figure 2-99 for details. Although separate devices can be used for pack- 
ing support and LPG dispersion, Strigle (1994) and DUPart and Marchant (1989) recommend 
the use of a combined dispersedsupport plate, as the support plate commonly used for ran- 
dom packing can adversely affect the LPG dispersion. The merits of several disperser-pack- 
ing support arrangements are reviewed by DuPart and Marchant. 

According to Honerkamp (1973, the design of the hydrocarbon dispersdsupport plates 
between packed beds is critical. Excessive LPG velocity through the plate d i c e s  can pro- 
duce emulsions while too low a velocity causes poor distribution of the LPG. LPG and 
amine distributor and LPG redistributor design criteria are reviewed by DuPart and 
Marchant (1989), Tse and Santos (1993), and Strigle (1994). According to Tse and Santos 
(1993), LPG velocities in the ladder type distributor and in the dispersedsupport plate on- 
fices should be less than 1.25 ft/sec. Russell (1980) recommends that the number and size 
of the orifices be based on a velocity of 1.0 ft/sec. Disperser/support plate LPG orifice 
design velocities should be in the range of 1.G1.25 Wsec (Russell, 1980; Strigle, 1994). 
Russell also states that operating at jet velocities below 0.5 Wsec can lead to LPG entrain- 
ment in the rich amine. Orifice velocities above 1.25 Wsec can lead to emulsion formation 
and amine carryover in the LPG (Perry, 1977A, B; Russell 1980). Orifice diameters should 

ORIFICES 
(TYPICAL) 

DOWNCOMERS 

Figure 2-99. Disperser support plate. (Sfrigle, 7994) 
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be 0.19 to 0.25 in. (Strigle, 1994). Larger orifices produce irregular, non-uniform droplets 
that reduce mass transfer; while smaller orifices can lead to emulsion formation (DuPart 
and Marchant, 1989). 
The amine distributor is usually a ladder type consisting of a series of parallel tubes fed by 

a central pipe. The d i c e s  in the parallel tubes are pointed down into the top packed bed and 
are sized based on the amine velocity not exceeding 170 ftlmin. (Strigle, 1994; DuPart and 
Marchant, 1989). 

Although almost all LPG treaters have amine as the continuous phase with the interface 
controller above the top bed, some have LPG as the continuous phase with the interface 
below the bottom bed of packing. With the interface at the bottom, the amine is dispersed 
above each bed. Strigle (1994) describes LPG contactor intemals for this interface control 
arrangement. 

M&zinrizing Enfrahrnenf. Adequate space must be provided below the LPG distributor to 
prevent hydrocarbon entrainment in the rich amine leaving the LPG contactor. Honerkamp 
(1975) recommends 10 minutes amine residence time as measured from the LE% distributor 
to the bottom of the contactor. This residence time requirement should be coupled with a 
minimum distance requirement where the distance is measured from the bottom of the LPG 
distributor to the LPG contactor bottom tangent line. Tse and Santos (1993) report on an 
LPG contactor where this distance was 10.5 feet. This distance is somewhat greater than nor- 
mal. A conservative criterion for rich amine residence time at the bottom of the LPG contac- 
tor is 10 minutes as measured from the bottom of the LPG distributor to the bottom tangent 
line or eight ft, whichever is greater. 

Amine entrainment in the LPG is minimized by providing adequate LPG residence time 
above the normal LPG/amine interface level. Tse and Santos (1993) cite a case where the 
LPG residence time, as measured from the interface to the top of the contactor, was 8 to 10 
minutes. This is quite conservative. A more reasonable criterion is believed to be the =pater 
of 8 feet cr 5 minutes LPG residence time as measured from the LPG/amine interface to the 
LPG contactor top tangent line. This assumes that an external gra\ity settler or coalescer is 
provided for the LPG product stream as shown in Figure 2-96. 

The above criteria are based on maintaining the combined phase superficial velocity 
below 15 d. If LPG entrainment in the rich amine is a problem, a shallow bed of small 
packing or wire mesh to coalesce the LPG can be added below the LPG distributor. Similar- 
ly, a shallow bed of packing or wire mesh can be added above the mineLPG interface to 
reduce amine entrainment in the LPG. 

LPG contactors using random packing have poor response to varying hydrocarbon flows 
(Honerkamp, 1975). Widely varying flow rates can also aggravate amine carryover. 
Changela and Root (1986) outline a technique where this problem was solved by recycling 
some of the treated LPG back to the LPG booster pump to maintain constant LFG flow 
through the treater. McClure and Morrow (1979B) also describe the use of recycle to main- 
tain constant LFG flow. 

Structured Packing 

Sulzer and Koch have pioneered the use of structured packing for LPG treating with 
amines. As of 1994, Sulzer had 5 operating units in Europe, and Koch had 11 operating units 
in North America, 9 in gas plant service and 2 in refinery service (Rogers, 1994). For struc- 
tured packing, the height of a theoretical stage is 6 to 8 ft, depending on the L E  specific 
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gravity (Rogers, 1994). The structured packing is provided as a single bed multiple beds are 
required for random packing. A single bed is possible because disperser plates are located 
between sections of structured packing in alternating stacks. By providing the packing as a 
single bed, the required bed height and contactor tangent to tangent distance can be reduced 
and more theoretical stages can be achieved for a given vessel height. Structured packing also 
has significantly higher capacity than random packing. Recent designs have achieved superfi- 
cial velocities of 55-60 gpdff based on the combined flow of both phases (Rogers, 1994). 
These designs had the interface controller located in the bottom of the treater and amine was 
the dispersed phase. At superficial velocities this high with LPG as the continuous phase, it 
may be necessary to install coalescing pads on both the rich amine and treated LPG streams to 
l i t  amine and LPG entrainment. Units revamped with structured packing are reported to 
have achieved highly efficient H2S removal (Copper Strip test results: #1A) and to have met 
pipeline C02 specifications (Rogers, 1994). Although it is claimed that structured packing is 
more resistant to plugging than random packing, structured packing is more difficult to clean, 
and full flow filtration of the lean amine entering the LPG contactor is recommended. 

Sieve Tmys 

While the vast majority of LPG treaters utilize random packing, sieve trays are occasional- 
ly used. However, Honerkamp (1975), Fleming et al. (1988), and DuPart and Marchant 
(1989) report that sieve trays are less efficient than random packing for LPG treating. Sieve 
tray operating data for LPG treating are given in Tables 2-30 and 2-33. Table 2-33 provides 
extensive data for three different treating units. 

Design criteria for sieve trays in LPG treating service are reviewed by Tse and Santos 
(1993). Average LPG velocities through the sieve tray holes should be from 0.5 to 1.0 ft/sec. 
The holes are set on either square or triangular pitch and are usually !4 to K in. diameter. Tray 
spacing varies from 0.5 to 2 ft  with 1.5 to 2 ft  being more typical. Tse and Santos (1993) cite 
Laddha and Degaleesan (1978) for examples of detailed sieve tray rating calculations. Sieve 
trays have been reported to have limited turndown in LPG treating service (Honerkamp, 
1975; Bacon, 1972). If LPG flows vary significantly, it may be desirable to provide for LPG 
recirculation as suggested by Changela and Root (1986). 

Cocurrent Confactors 

Honerkamp (1975) and Bacon (1972) reported on the design and operation of a single 
stage contactor using an eductor. Figure 2-97 gives the flow diagram for t h i s  plant with a 
material balance and operating conditions. In this design, the amine was used as the driving 
fluid and experienced a 120-psi pressure drop across the eductor; the LPG experienced a 
slight pressure increase. Operating conditions were 445 psig at 55°F. The singlestage educ- 
tor-mixer treated LPG with 15 wt% MEA. The treated LFG attained a purity of 10 ppmw 
CO? when the rich MEA loading was 0.22 moles C02/mole MEA. The settler downstream of 
the eductor was designed for 30 minutes hydrocarbon liquid residence time, and the interfa- 
cial area provided for amine-hydrocarbon liquid settling was about 0.58 ft2/gpm (equivalent 
to 2,500 gal hydrocarbon/day/ft’). Honerkamp (1975) notes that the mass transfer efficiency 
of single stage contacting devices is relatively insensitive to varying LPG flows, while both 
sieve trays and random packing are affected by turndown. 
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Table 2-33 
Operating and Design Conditions for Three Sieve Tray LPG Treaters 

Plant Number 1 2 3 

Inlet LPG 
Flow rate, gpm 
Temperature, O F  

Pressure, psia 
Acid Gas In 

H2S, mol% 
CO2, mol% 

Acid Gas Out 
H2S, ppm 
C02, mol% 

Amine Solution 
Amine type 

Concentration, wt% 
Circulation rate, gpm 
Lean loading, mol/mol 
Rich loading, moYmol 

Contactor Type 
Column diameter, ft  
No. of trays 
Tray spacing, in. 
Hole dia., in. 
Open hole space per tray, fi2 
Downspout area, ff 

Combined flow. mdff 

445 (700) 
60 

510 (600) 

trace 
l(0.66) 

nil 
~0.075 

GASISPECB 
CS-1M (MEA) 

35 (15j 
80 (50) 
0.001 
0.22 

Sieve Tray 
6 
20 
18 

18.4 (26.5) 

102 (219) 
90 

225 

0.45 
nil 

50 
nil 

DEA 

20 
47 (56) 

0.01 
0.2 1 

Sieve Tray 
4.5 
15 
18 

9.36 (17.2) 

67 1 
110 
165 

0.3 
nil 

<4 
nil 

MDEA 

40 
60 

0.002 
0.1 

Sieve Tray 
9.5 
20 
30 
X6t! 

2.123 
6.05 

(8.54% of tower area) 
10.3 . ,  . I  -. 

Note: 
Parentheses () indicate design conditions. 
Source: Tse and Santos (1993) 

Auxiliary Systems 

Water Wash 

LPGlamine maters can have significant amine losses. Veldman (1989) states that amine 
losses for well designed and operated LPG treaters due to amine entrainment and solubility 
amount to about 0.02 lb of amine per barrel of LPG treated. Washing the LPG with a dilute 
amine-water solution removes entrained amine from the LPG and reduces the concentration 
of amine dissolved in the LPG because amine in the hydrocarbon phase establishes equilibri- 
um with the dilute water wash phase. Figure 2-96 includes a typical water wash system. 
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Design criteria for LPG water wash systems are reviewed by Stewart and Lanning (1991, 
1994AI B). For a gravity settler as shown in Figure 2-96, they recommend LPG and wash 
water residence times of 15 and 20 minutes, respectively. They also recommend that the 
water make-up rate be set to produce a wash water purge to the amine system containing 
about 3 wt% amine. Although solubility data such as those of Veldman (1989) can be used 
to estimate amine solubility losses in the LPG, it is probably better to use an experience fac- 
tor, such as on 0.02 lb of amine per bane1 of LPG feed (about 100 ppmw), as this figure 
includes amine entrainment. Note that poorly designed systems with high superficial veloci- 
ties or with inadequate LPG residence times in the LPG amine contactor can have amine 
losses as high as 500 ppmw (Veldman, 1989). While there is considerable variation, typical 
practice is to set the volumetric ratio of wash water to LPG at 1:4, although Stewart and Lan- 
ning (1991, 1994B) report on a liquid ethane treater where the wash water was only 6 to 7% 
of the LPG volumetric flow. See Table 2-34 for details. 

Table 2-34 
Water Wash System Operating Conditions for Recovering 

MDEA from Liquid Ethane 

Ethane rate, BPSD 
Water-wash rate, gpm 
Water-wash amine content, wt% 
Water-wash make-up: gpm 
Water-wash rate, 9 of ethane flow 

22,000 
44 
0.3 
3.5 
7 

27,000 
44 
0.4 
3.5 
6 

w a r t  and Lanning (1991.1994B) 

LPG Settlers and Coalescers 

It is generally desirable to use an LPG coalescer or settler downstream of the LPG/amine 
contactor to remove entrained amine from the LPG. A settler is usually a horizontal vessel 
that uses gravity to separate two liquid phases. Baffles to prevent channeling are sometimes 
provided. A coalescer is a vessel that contains elements, such as wire mesh pads, which can 
agglomerate small liquid droplets into larger droplets which can then be easily separated by 
gravity (Brown and Wines, 1993). A coalescer is smaller than a settler and costs less; howev- 
er, the elements can plug if the liquid is dirty. The performance and size of the coalescer 
depend on the design of the coalescing elements which are usually proprietary items. 
Although it is difficult to provide generalized guidelines for sizing coalescers, elements used 
for LPG/amine applications must be resistant to attack by the amine. They are usually made 
of stainless steel, polyester, or polypropylene. Fiberglass is not suitable, as amine degrades 
the fiberglass. Also, the performance of the coalescing element cannot depend on a 
hydrophilic coating because surface active amine contaminants can “disarm” the treated sur- 
face and reduce its coalescing efficiency (Brown and Wines, 1993). 

Coalescers are lower in cost, but gravity settlers have the advantage of simplicity and reli- 
ability of operation. Settlers are usually designed on the basis of residence time. Honerkamp 
(1975) reports that a settler downstream of a single stage eductor was designed for a 30- 
minute hydrocarbon retention time with a hydrocarbon-amine interfacial area of 0.58 ftVgpm 
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(equivalent to 2,500 gaY(day)(ft2) used to set the settler dimensions. Separators downstream 
of contactors, using either random packing or sieve trays, can be smaller than those follow- 
ing mixers or eductors because the degree of agitation and, therefore, the formation of fine, 
entrainable droplets is less in the packed or tray columns. Stewart and Laming (1991, 
1994A, Bj recommend LPG residence times of 15 minutes for a gravity settler downstream 
of a pzcked bed LPG treater. 

Amine Filters 

Figure 2-96 shows an optional amine filter on the lean amine solution flowing to the 
LPG/amine contactor. Although many LPG maters do not have dedicated mechanical or 
activated carbon filters, their use should be considered. Bacon (1972) recommends full flow 
mechanical and activated carbon lean amine filters for LPG treaters. Russell (1980) reports 
particulate plugging of the random packing beds used in LPG treaters and recommends full 
flow amine filtration to minimize plugging. DuPart and Marchant (1989) also recommend 
both full flow mechanical and activated carbon filtration of the amine flowing to LPG 
treaters. As noted by both DuPart and Marchant (1989) and Strigle (1994), failure to remove 
impuritie.s can reduce the capacity of the LPG treating system. 

Removal of COS from LPG by Amines 

A common specification for LPG is the Copper Strip corrosion test. This test indicates the 
level of elemental sulfur and H2S by the degree of darkening of a strip of pure copper. A 
#1A Copper Strip test result corresponds to 1-2 ppmw or less H2S in the LPG. COS in dry 
LPG is not detectable by the Copper Strip test (Bacon, 1972; Perry, 1977A, Bj. However, if 
the LPG comes in contact with water, e.g., during shipment in a tank car containing water, 
the COS hydrolyzes to H2S and C02 and the LPG can fail the Copper Strip test upon retest- 
ing (Holmes et al., 1984: Perry, 1977A, B). The COS hydrolysis reaction is 

COS + H20 = H2S + CO? (2-49) 

Because of this possible reaction, COS removal during amine LPG treating is desired. 
DGA, MEA, and possibly DIPA can react with COS during the amine treating operation so 
that a #lA Copper Strip test result can be achieved even if the LPG is wet. DGA is reported 
to reduce COS levels from 4,500 ppmw to less than 2 ppmw (McClure and Morrow., 1979A1 
B, C j .  The DGA reacts with COS to form a degradation product that can be converted back 
to DGA by thermal reclaiming. MEA reacts hversibly with COS and, when MEA is used 
for LPG treating, the treated LPG can pass the #1A Copper Strip test. However, MEA is not 
preferred for simultaneous C02, H2S, and COS removal from LPG because of the amine loss 
caused by the irreversible reaction with COS (McClure and Morrow, 1979C). DIPA is also 
reported to be capable of removing COS to several ppmw (S.I.P.M., 1979). Mick (1976) 
reports that DEA can only remove COS to 90-135 ppmw. Bacon and Pearce (1985) report 
that MDEA can remove only 33%. of the COS in LPG and cannot remove COS to levels low 
enough to pass the #1A Copper Strip test. 

Although neither MDEA nor DEA can remove COS to levels low enough to pass the Cop- 
per Strip test, use of a formulated caustic wash downstream of the amine/LPG treater is 
reported to remove COS to levels significantly less than 1 ppmw (Bacon and Pearce, 19853. 
The composition of the formulated caustic may be based on technology outlined by Johnson 
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and Condit (1952) in which MEA is added to the caustic prewash upstream of an extractive 
Meros unit to achieve COS removal. According to Johnson and Condit, the MEA concentra- 
tion in the caustic must be maintained at about 1.5 wt% or higher to achieve nearly complete 
COS removal (~0.04 ppmw COS reported as S). The caustic concentration must be p a t e r  
than 3.0 wt% for the reaction to occur, and the volumetric ratio of the formulated caustic to 
the LPG flow should be 10: 1. When both MEA and caustic are. present, the MEA is not con- 
sumed by reaction with the COS. 
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INTRODUCTION 

One of the reasons that alkanolamine processes have become the predominant choice for 
both refinery gas treating and natural gas purification is their comparative freedom from 
operating difficulties. Nevertheless, several factors can result in undue expense and cause 
difficulty in the operation of alkanolamine units. Chief among these, from an economic 
standpoint, are corrosion and amine loss. Other operating difficulties which occasionally 
limit the capacity of a plant for gas purification include foaming and plugging of equipment. 
In many cases, operation can be significantly improved by daily monitoring of key plant 
operating variables and by proper control and design of the treating plant. 

AMINE PLANT CORROSION 

Background 

The most serious operating problem encountered with alkanolamine gas purification 
plants is corrosion, and, as would be expected, this problem has been given the widest atten- 
tion. Several theories have been advanced to explain corrosion mechanisms, patents describ- 
ing measures to eliminate or deviate corrosion have been issued, and numerous papers have 
been published. Based on this appreciable amount of information and experience, the corro- 
sion phenomena observed in a large number of plants operating under a wide variety of con- 
ditions can be reasonably explained, and certain guidelines can be established to minimize 
corrosion. 

Amine systems are subject to corrosion by carbon dioxide and hydrogen sulfide in the 
vapor phase, in the amine solution, and in the regenerator reflux, and by amine degradation 
products in the amine solution. In refineries, amine systems often suffer from corrosion by 
several agents not generally found in natural and synthesis gases, namely ammonia, hydro- 
gen cyanide, oxygen, and organic acids, some of which tend to accumulate in certain parts of 
the refinery amine system. 

Amine units must be designed to overcome these special problems. This chapter reviews 
both the causes of corrosion problems and possible solutions. It describes the locations with- 
in amine units where the various agents cause corrosion, discusses the corrosion mechanisms 
in these places, and reviews the design practices and preventive measures required to miti- 
gate corrosion. These measures include control of velocities and impingement, process con- 
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figuration changes, process control strategies, selective use of corrosion resistant materials, 
sidestream amine solution purification, and the choice of amine. 

Relationship of Process Conditions to Corrosion 
Figure 3-1 depicts a typical alkanolamine treating unit. The feed gas, containing either 

C02 or HzS or a mixture of both acid gases, flows into the bottom of a trayed or packed col- 
umn where it contacts an amine solution. Acid gas components are removed from the gas by 
chemical reaction with the amine. The purified gas is the overhead product while the rich 
amine solution flows from the bottom of the contactor on level control to a rich amine flash 
drum. In the flash drum, the rich amine is flashed to a lower pressure to remove dissolved 
and entrained hydrocarbons. The rich amine then flows on level control from the flash drum 
through the ledrich amine heat exchanger and on to the amine regenerator. In the regenera- 
tor, the acid gas components are stripped from the solution using heat supplied by the regen- 
erator reboiler. Acid gas components are the amine regenerator overhead product, and lean 
amine solution is the bottom product. The hot lean amine from the regenerator is heat 
exchanged with the rich amine, pumped to the contactor operating pressure, and cooled 
before entering the contactor. 

As Figure 3-1 indicates, most of the equipment and piping in an alkanolamine plant is con- 
structed of carbon steel. In fact, it is possible, in most cases, to build an alkanolamine plant 
entirely of carbon steel by keeping amine regenemtor operating temperatures low and by min- 
imizing the amine solution concentration and acid gas loading (moles acid gadmole amine). 
However, as shown in Figure 3-1, it is common practice to construct certain sections of an 
amine plant with stainless steel or other alloy. Selective use of corrosion resistant alloys per- 
mits operation at higher amine concentrations and acid gas loadings, allows better stripping of 
the lean amine solution and improved treating, reduces corrosion in susceptible areas, and 
improves process economics. Locations marked in bold on Figure 3-1 show where carbon 
steel is typically replaced by stainless steel. Areas marked with a dotted line show where 
either process or mechanical design modifications, or corrosion resistant materials may be 
required depending primarily upon the composition of the gas being treated. To comprehend 
these choices, it is necessary to understand why carbon steel corrodes in amine plants. 

In the absence of inhibitors, carbon steel corrodes in aqueous solutions by an electrochem- 
ical mechanism. The anodic half reaction is the oxidation of iron to ferrous ion: 

Fe = Fe" + 2e- (3-1) 

The cathodic half reaction is the reduction of some form of hydrogen from the +1 oxida- 
tion state to the element: 

H+ + e-= H" (3-2) 

Most of the hydrogen atoms, H", combine to form molecular hydrogen, H2. However, in 
some circumstances, atomic hydrogen migrates into the metal lattice. 

The net chemical reaction is the sum of the two half reactions: 

Fe + 2H+ = 2H" + Fez+ (3-3) 
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This is an irreversible reaction and, consequently, its rate is affected only by temperature 
and the concentrations of the species on the left side of the equation. Therefore, the rate of 
reaction 3-3 (and of corrosion) increases with increasing hydrogen ion concentration (i.e., 
decreasing pH), with increasing temperature, and, because the reaction is electrochemical, 
with increasing conductivity of the liquid medium. 

Figure 3-1 indicates the principal areas where corrosion can occur in alkanolamine gas 
purification plants. As indicated in this figure, corrosion in amine plants can be divided into 
two broad categories: 

1. Wet Acid Gas Corrosion of carbon steel is the reaction of COz and HzS with iron in an 

2. Amine Solution Corrosion is the corrosion of carbon steel in the presence of aqueous 
aqueous environment where little or no amine is present. 

amine. 

Wet Acid Gas Corrosion 

Aqueous acid gas solutions occur in the overhead section of the amine regenerator and in 
the bottom of an amine contactor if the feed gas is water-saturated. Metal surfaces in these 
sections of the amine plant may, therefore, be contacted with aqueous acid gas solutions con- 
taining little or no amine. See Figure 3-1. 

Mechanism of Wet CO, Corrosion 

If there is a separate aqueous phase, and if the only acid gas present is carbon dioxide, the 
COz will dissolve in the water and partially ionize to fom a weak acid according to mction 3 - 4  

The increase in hydrogen ion concentration from reaction 3-4 accelerates corrosion by 
reaction 3-3. As would be expected from reactions 3-3 and 3-4, the rate of corrosion increas- 
es with increased COz concentration in the water (or increased COz partial pressure in the 
gas phase). 

As corrosion proceeds, ferrous ions produced at the corrosion site by reaction 3-3 react 
with bicarbonate ions in solution to form ferrous carbonate, which is essentially insoluble 
and precipitates as scale. Scale deposition reduces the rate of corrosion, but unfortunately the 
ferrous carbonate formed is quite porous and provides only limited corrosion protection. 

Hydrogen ions are removed from solution at the iron surface by reaction 3-3. This causes 
the solution adjacent to the corroding surface to become less acid (more alkaline), thereby 
reducing the rate of corrosion. However, the evolution of gases or other actions that enhance 
liquid turbulence counter the build-up of alkalinity by bringing fresh acid to the metal surface. 

With a weakly ionized acid, such as carbonic acid, the large concentration of dissolved, 
but un-ionized carbon dioxide in the water provides a reservoir of reactive molecules, which 
can produce additional hydrogen ions by reaction 3-4 to replace those used up by the corro- 
sion reaction. With a strongly ionized acid, on the other hand, an extremely low acid concen- 
tration is needed to produce the same pH as the carbonic acid solution, and depletion of 
hydrogen ions at the corroding surface can reduce the corrosion rate. Such an effect may 
explain the higher rates of corrosion observed for C02 solutions than for strong acid solu- 
tions at the same bulk solution pH values (Berry, 1982). 
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The specific acid anion can also affect the corrosion rate. Some acids, such as H2S, react 
with iron to form a relatively dense, non-porous scale that can significantly reduce continued 
corrosion. Other acids, such as oxalic, tend to increase solution corrosivity due to the forma- 
tion of soluble iron chelates (Rooney et al., 1996). 

An alternative explanation for the high rate of corrosion of iron in contact with C02-con- 
taining water is described by de Waard and Lotz (1993). In the proposed mechanism, car- 
bonic acid, H2C03, is formed by hydration of dissolved C02. It is postulated that the carbon- 
ic acid molecule participates directly in the corrosion reaction by accepting an electron from 
the corroding iron to form HC03- and elemental hydrogen in accordance with the following 
equation: 

H2C03 + e- = H" + HC03- (3-5) 

The rate of corrosion by this mechanism would, of course, increase with increased carbon 
dioxide partial pressure and be affected by temperature. 

Whether the primary mechanism for the corrosion of iron by carbon dioxide and water 
involves the acceptance of electrons from hydrogen ions or from molecular carbonic acid, 
the overall reaction is the same, i.e.: 

Fe + 2C02 + 2H20 = Fez+ + 2HC03- + 2H" (3-6) 

Figure 3-2 illustrates the effects of C02 partial pressure and temperature on the rate of 
corrosion of carbon steel by water saturated with COP De Waard and Lotz (1993) have con- 
verted the data of Figure 3-2 into the nomograph of Figure 3-3, which can be used to pre- 
dict the cxmosion of carbon steel by aqueous carbon dioxide solutions. 
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Figure 3-2. Effect of temperature on carbon steel corrosion at various COP partial 
pressures. (De Waard and Lo&, 1993) 
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Figure 3-2 shows that the corrosion rate at any given partial pressure increases with tem- 
perature at moderate temperatures, but reaches a maximum as the temperature is further 
increased. De Waard and Lotz (1993) attribute this effect to the formation of a more protec- 
tive film, either FeC03 or Fe304, at higher temperatures. The reduction of comsion rate at 
elevated temperatures is accounted for in the nomograph by the inclusion of a scale factor 
from 0.1 to 1, which is used as a multiplier to reduce the corrosion rate read directly from the 
chart in the higher temperature region. 

The nomograph of Figure 3-3 can be used to provide an estimate of the corrosion rate in 
the regenerator overhead and the contactor bottoms of amine plants when COz is the only 
acid gas present. De Waard and Lotz (1993) also discuss the use of correction factors to 
account for the effects of corrosion product flms, pH, system pressure, system geometry, 
glycol or methanol, crude oil, inhibitors, and flow velocities on umusion rates. 

Mechanism of Wet Hfi Corrosion 

If the acid gas includes hydrogen sultide, the principal product of corrosion is ferrous sul- 
fide, which is vay  insoluble, and f o m  a weakly adherent and somewhat protective film. 
The overall corrosion reaction is 

Fe + H2S = FeS + 2H" (3-7) 

Figure 3-3. Corrosion nomograph for cahon steel in contact with wet COP. (De Waard 
and f otz, 1993) 
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Iron sulfide is more protective than iron carbonate, and, if the acid gas contains sufficient 
HzS, a protective sulfide film can be formed. If contaminants which disrupt this iron sulfide 
film are not present, and if the mechanical design minimizes erosion-corrosion, wet acid cor- 
rosion of exposed carbon steel surfaces will be limited. On the other hand, if the gas is pre- 
dominantly COz. wet acid gas corrosion will occur and protective measures are required. As 
might be expected, there is disagreement on the exact COz/HzS ratio above which protective 
measures are required. API Recommended Practice 945 suggests that wet COz corrosion 
occurs when the acid gas contains 95% or more COz (API, 1990). 

Mechanism of Wet Acid Gas Corrosion Due to NU3 and HCN 

In refineries, the amine regenerator overhead system is often affected by wet acid gas cor- 
rosion due to the combined presence of ammonia, COz, and HzS. Wet acid gas corrosion of 
the overhead system is accelerated if HCN is also present (Ehmke 1981A, B). In these cir- 
cumstances, wet acid gas corrosion due to HzS and COz can occur when the COz content of 
the acid gas is less than 90%. In fact, substantial corrosion can occur in the total absence of 
COz if sufficient HCN and ammonia are present. 

Ammonia and HCN are found in gas streams from delayed cokers, visbreakers, and fluid 
catalytic cracking units (FCCUs). Ammonia, HCN, and HzS are also produced during 
hydrotreating and hydrocracking operations. When gases from these units are treated, the 
ammonia is readily absorbed by aqueous alkanolamine solutions. HCN, which is a weak acid 
and very water-soluble, is chemically absorbed by alkanolamine solutions and is released, 
along with the absorbed ammonia, in the amine regenerator. 

In the regenerator overhead condenser, the gaseous ammonia and HCN are. reabsorbed in 
the condensed reflux water. Ammonia dissolved in the reflux water provides the alkalinity to 
absorb and retain acid gases, such as HzS, COz, and HCN in solution. 

NH3 + COz + HzO = N&+ + HC03- (3-9) 

N H 3  + HCN = m+ + CN- (3-10) 

Without a reflux water purge, ammonia, H2S, COz, and HCN a e  trapped in the amine 
regenerator overhead system. If both ammonia and HCN are present, the net effect is a sub- 
stantial increase of the HCN, HzS, and COz concentrations in the amine regenerator over- 
head system. 

As noted by Ehmke (1981A, B), the iron sulfide scale produced by reaction 3-7 provides 
some protection at pH of 7 or 8, but is porous at a pH of 8 or 9. Also, if cyanide ions are pre- 
sent, the protective iron sulfide scale can be removed according to reaction 3-11 (Ehmke, 
1981A, B, 1960): 

FeS + 6CN- = Fe(CN)64- + Sz- (3-1 1) 

Removal of the protective iron sulfide scale by reaction 3-11 is pH dependent, the rate 
increasing as the pH increases (Ehmke, 1981A, B). This is one of the few corrosion reactions 
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where corrosion increases with increasing pH. As reactions 3-7 and 3-1 1 indicate, the higher 
the concentrations of H2S and CN-, the greater the rate of corrosion. 

If C02 is trapped in the amine regenerator overhead system by ammonia, corrosion can 
result by reaction 3-6. 

Reactions 3-6 and 3-7 produce atomic hydrogen, @. Under normal circumstances, the 
atomic hydrogen would combine at the metal surface to form molecular hydrogen. However, 
steel surface poisoning agents, such as sulfde and cyanide anions, prevent this recombha- 
tion, and a significant fraction of the atomic hydrogen may migrate into the metal lattice 
(Fontana and Greene, 1967). Most of the atomic hydrogen passes completely through the 
steel and forms molecular hydrogen on the opposite surface. However, if the atomic hydro- 
gen encounters an inclusion or a subsurface discontinuity in the base metal, it becomes 
trapped and recombines to form molecular hydrogen. As more and more molecular hydrogen 
is trapped at these locations, the pressure builds up past the yield stcength of the steel. High 
molecular hydrogen concentrations at these locations can lead to hydrogen blisteringhydro- 
gen-induced cracking (HIC). In areas of high stress, such as weld heat affected zones, HIC 
may propagate in a planar manner, through the metal wall thickness. This type of cracking is 
referred to as stress oriented hydrogen induced cracking (SOHIC). Also, atomic hydrogen 
dissolved in the steel lattice may embrittle areas of hard microstructures in carbon steel base 
metal or weldments. High atomic hydrogen concentrations in carbon steel can lead to sulfide 
stress cracking (SSC) of these hard areas. A detailed review of these cracking mechanisms is 
presented later in this chapter. 

Amine units treating gas from FCCUs are particularly susceptible to low temperature 
hydrogen attack because the gas from these units can have a high cyanide content. Accord- 
ing to Neumaier and Schillmoller (1953, hydrogen atrack should be expected whenever the 
organic nitrogen compounds in the FCCU feed are greater than 0.05 wt%. Wash or reflux 
water with a bIue color (Prussian blue) after oxidation by air indicates that cyanide-induced 
corrosion is taking place (Ebmke, 1981A, B). A simple plant test to detect cyanide using a 
dilute ferric chloride solution has been described by Nemaier and Schillmoller (1955) and 
by Ehmke (1981A, B). 

Prevention of Wet CO, and H# Corrosion 

As shown in Figure 3-1, wet COz corrosion can occur in either the bottom of the amine 
absorber or the amine regenerator overhead system. Wet CO, COIIosion can also occur in the 
upper section of the absorber above the feed tray when the absorber is designed for selective 
H2S removal. However, if the amine solution completely wets all the exposed carbon steel 
surface, it greatly raises the pH of the condensate and reduces its corrosiveness as long as 
cyanide is not present. In cases where the acid gas is 95% COz or greater, an amine spray in 
the regenerator overhead has been recommended to minimize carbon steel corrosion (API, 
1990; Gutzeit, 1986; Ballard, 1966). Sufficient amine should be injected so that the reflux 
water contains 0.5 wt% amine (Gumit, 1986). In most rehery amine systems, wet C02 cor- 
rosion of the amine regenemtor overhead system is not an issue because the acid gas is pre- 
dominantly H2S, and the carbon steel in the amine regenerator overhead system is protected 
by an iron sulfide film. However, an amine spray should be considered for amine regenera- 
tors in hydrogen plants where COz is the only acid gas present-although an amine spray in 
the regenerator overhead may be counterproductive if HCN is trapped in the regenerator 
overhead system. See the prior discussion on the effect of HCN on wet acid gas corrosion for 
more information. 
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Wet COz corrosion can also be a problem in hydrogen plant amine absorbers. In the bottom 
of the amine absorber, corrosion due to high C Q  content of the acid gas can be prevented by 
introducing the gas through a distributor immersed in the amine absorber sump liquid (Dupart 
et al., 1993B). The distributor orifices should be immersed in the rich amine solution so that 
the emerghg gas causes amine solution to splash and wet the carbon steel surface. If the dis- 
tributor breaks or is installed above the solution level, wet C Q  can rapidly attack the shell of 
the absorber and its internal elements. An alternative solution for protecting the carbon steel 
metallurgy in the bottom of the absorber from wet C@ corrosion is to drill a series of weep 
holes around the perimeter of the bottom tray support ring. Amine flowing down through the 
holes will wet the absorber walls and protect the carbon steel from attack by the CQ-rich gas. 
An advantage of this technique in comparison to the use of a submerged sparger is that it min- 
imizes gas entrainment in the rich amine leaving the absorber. If the absorber treating a CQ-  
rich gas has carbon steel trays, the underside of the bottom tray may be attacked by acid gas 
until the tray collapses, whereupon the second tray may be attacked, and fail in turn. As 
shown in Figure 3-1, all the trays can be saved if the bottom tray is stainless steel. If the 
mechanical design of either the bottom of the absorber or the amine regenerator overhead sys- 
tem is such that amine does not wet all exposed carbon steel surfaces, piping should be stain- 
less steel and all equipment should be either made of or lined with stainless steel. 

Another factor that should be considered for high COz content sour gases is minimizing 
high velocity acid gas vapor impingement on carbon steel surfaces. Dupart et al. (1993B) 
report one instance where impingement of a COZ-rich gas led to corrosion in the bottom of 
an amine contactor. This problem was corrected by modifying the feed gas distributor to 
minimize impingement of the acid gas on the amine contactor wall. 

Corrosion by wet H2S occurs primarily by sulfide stress cracking (SSC), hydrogen- 
induced cracking (HIC), and stress oriented hydrogen-induced cracking (SOHIC). Control 
measures to mitigate these types of corrosion are discussed in a separate section of this chap- 
ter entitled “Cracking of Carbon Steel in Amine Service.” 

Preventing NH3 and HCN-Based Corrosion 

Several methods have been employed to reduce ammonia- and cyanide-induced corrosion 
in the amine regenerator overhead system. These methods include 

A reflux water purge to reduce the concentration of ammonium cyanide and bisulfide in the 

A water wash upstream of the amine treating system to remove both ammonia and HCN 

Injection of either ammonium or sodium polysulfide upstream of the amine regenerator or 

Stripping of corrosive components from the amine regenerator reflux. 
Use of corrosion resistant materials in the amine regenerator overhead system. 
Combinations of the above. 

amine regenerator overhead. See Figure 3-1. 

from the feed gas. 

into the amine regenerator overhead system to convert the cyanide iron to thiocyanate. 

In general, the most economic method of reducing NH3- and HCN-based corrosion is to 
modify the process conditions to permit the use of carbon steel. Elimination of HCN and 
ammonia upstream of the amine treating unit is usually the most effective solution. A brief 
review of each of these corrosion prevention methods follows: 
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Continuous Rejlux Putge Ammonia and cyanide build-up in the amine regenerator over- 
head system can be reduced and corrosion controlled with a continuous purge of amine regerr 
erator reflux water. See Figure 3-1. A reflux purge is effective if the cyanide and ammonia 
concentrations in the sour gas are low (Neumaier and Schillmoller, 1955). If the cyanide con- 
tent of the reflux water or upstream wash water is less than 100 ppmw, cyanideinduced blis- 
tering (HIC) of carbon steel will be minimal (Neumaier and Schillmoller, 1955). To minimize 
wet HzS corrosion problems (SSC, HIC, SOHIC), the cyanide content of the wash water 
should be below 20 ppm (NACE, 1994B). On the basis of guidelines developed for hydropro- 
cessing unit air coolers, carbon steel can be used in the regenerator overhead condenser and 
downstream piping if the ammonium bisulfide concentration in the reflux water is less than 
2-3 wt% and if exchanger tube and piping velocities are kept below 20 feet per second (Piehl, 
1975). Inhibitor injection (ammonium polysulfide) may be required for the amine regenerator 
overhead system if the cyanide concentration is too high and, in refineries, a standby inhibitor 
injection system is often provided (Neumaier and Schillmoller, 1955). If a reflux purge is 
used to control the NH3 and cyanide content of the reflux water, it may be desirable to avoid 
the use of return bends in either air- or water-cooled overhead condensers (F’iehl, 1975). 

The disadvantage of an amine regenerator reflux purge is that there may be very costly 
amine losses because amine concentrations in the reflux water can be between 0.5 and 2.0 
w t 8  depending on amine entrainment, the type of amine, and the number of water wash 
trays in the amine regenerator (Bucklin and Mackey, 1983). Also, the purge rate required to 
reduce cyanide and ammonia concentrations below corrosive levels is difficult to determine 
and control. Although amine losses can usually be reduced by installing a demister pad in the 
amine regenerator, some losses will occur, and corrosive conditions may exist even with a 
continuous reflux purge. For these reasons, when both ammonia and cyanide are present, 
amine units are typically designed with corrosion resistant alloys as shown in Figure 3-1. 
The amine regenerator is usually all 304L SS or is lined with type 304L integral cladding or 
weld overlay from two trays below the feed tray up to and including the upper head. The 
overhead piping is usually 304L SS, and titanium tubes are frequently used in the overhead 
condenser. Ehmke (1981A, B) notes that aluminum has been used successfully for the over- 
head condenser if pH, chloride ion content, impingement, and velocity are controlled. Car- 
bon steel is frequently utilized for the reflux accumulator; however, a conservative corrosion 
allowance is necessary and HIC-resistant material is sometimes used. The reflux pump cas- 
ing and impeller should be 316 SS. All of the reflux piping is typically 304L SS. 

Upstream Water or Caustic Wash. Caustic washing was recommended by Polderman 
and Steele (1956) and used by Noms and Clegg (1947) for removal of formic and acetic 
acids from gas streams entering amine treating units. Since both formic and acetic acids are 
stronger acids than either H2S or C02, they will replace the sulfide (or carbonate) salt. How- 
ever, as noted by Polderman and Steele (1956) and Ehmke (1981A, B), caustic washing can- 
not remove HCN from gas streams because HCN is a weaker acid than H2S or C02 and will 
be displaced from the caustic solution by either of these two acid gases. 

Since HCN is more soluble in water than either H2S or C02, water wash has been used to 
remove hydrogen cyanide from gas streams (Kelley and Poll, 1953; Neumaier and Schill- 
moller, 1955; Polderman and Steele, 1956). Table 3-1 indicates that a single stage water wash 
alone is relatively ineffective in removing ammonia and cyanide (Neumaier and Schillmoller, 
1955; Ehmke, 1981A, B). This means that additional protective measures are required, includ- 
ing a back-up inhibitor injection system (ammonium polysulfide) for the amine regenerator 
overhead system and an amine regenerator reflux purge (Neumaier and Schillmoller, 1955). 
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Table 3-1 
Removal of Corrosive Components from an FCCU Gas Weam by a Single Stage Water 

Wash Followed by Amine Contacting 

Removed by Absorbed by Balance to 
Water Wash Diethanolamine Solution Gas Plant 

Total 
Constituents (Pounds (Pounds 
(Pounds per (Pounds per Per Per 

Constituents Day) Day) (Percent) Day) (Percent) Day) (Percent) 

Ammonia 7,400 6,300 85 700 10 400 5 
Sulfides 86,000 21,100 24 64,200 75 700 1 
Carbonates 32,000 4,000 12 21,500 67 6,500 20 
Cyanides and 

Thiocyanates 2,000 1 ,OOo 50 400 20 600 30 
Phenols 7,100 1,750 25 100 1 5,250 74 
Aliphatic Acids 6,500 1,850 28 1,600 25 3,050 47 
TOTAL 141,000 36,000 25 88,500 63 16,500 12 
Source: Neumaier and Schillmoller (1955) 

Upstream Ammonium Polysulfide Wash. Corrosion due to cyanide and ammonium 
bisulfide can be greatly reduced by washing the gas upstream of the amine absorber with an 
ammonium polysulfide solution (Ehmke, 1981A, B). In the upstream wash, the ammonia is 
dissolved in the wash water while the ammonium polysulfde reacts with CN- to form thio- 
cyanate ion, SCN-, by reaction 3-12. Thiocyanic acid, HSCN, is a stsong acid and is more 
water-soluble than HCN. Ehmlre (1981A, B) presents data that show that ammonium polysul- 
fide in the upstream wash can reduce CN- concentrations to less than 10 ppmw, which is low 
enough to prevent both HIC and SSC (Neumaier and Schillmoller, 1955; NACE, 1994B). 

Sx-z + CN-= S,1-2+ SCN- (3-12) 

Ammonium polysulfide is preferred over sodium polysulfide because it reacts faster with 
CN- and does not raise the pH of the wash water (Ehmke, 1981A, B). Design and operating 
guidelines for ammonium polysulfide wash systems are provided by Ehmke (1981A, B). 
Design principles are reviewed by Bucklin and Mackey (1983) who recommend the use of a 
multistage counter-current contactor with 8 to 10 actual trays. The water wash system 
described in this reference uses stripped sour water containing 50 ppm NH3 to reduce the 
ammonia in the washed gas to 0.1 ppm. Ammonium polysulfde is added to the wash water 
to convert the cyanide to thiocyanate. Additional polysulfide wash design and operating data 
are provided by Carter et al. (1977), Penderleith (1977), Lynch (1982), and Donovan and 
Laroche (1981). With an upstream ammonium polysulfide wash to remove both ammonia 
and HCN, the amine regenerator overhead system can be all carbon steel. 

Regenerafor Reflux Wafer Stripping. Neumaier and Schillmoller (1955) outline another 
method for eliminating corrosion by ammonia and cyanide in the amine regenerator over- 
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head system. In this method the amine regenerator reflux stream is directed to a dedicated 
sour water stripper. The ammonia and HCN are then stripped from the reflux water in the 
sour water stripper. The stripped reflux water is then returned to the amine regenerator. Since 
cyanide and ammonia are not returned to the amine regenerator, there is no build-up of these 
components in the amine regenerator overhead and the entire amine regenerator overhead 
system can be made of carbon steel. 

Amine Solution Carbon Steel Corrosion 

Causes of Amine Solution Carbon Steel Corrosion 

Amine solution corrosion of carbon steel can be influenced by a number of factors, including 

High operating temperatures 
High rich and lean amine loadings (moles acid gas/mole amine) 
The ratio of C02 to H2S in the acid gas 
Amine solution contaminants including amine degradation products and heat-stable salts 
Amine solution concentration 
Amine type 

Amine solution corrosion is most significant in the hot bottom section of the regenerator. 
It also occurs in the line connecting the contactor level control valve to the rich amine flash 
drum, in the ledrich amine exchanger (rich solution side), and in the piping from the rich 
amine flash drum level control valve to the regenerator. See Figure 3-1. Amine solution cor- 
rosion in these areas can be minimized by selecting appropriate alloy materials of construc- 
tion and by process modifications. 

The general effects of process conditions and materials of construction on corrosion rates 
are indicated in Table 3-2. Cases A and B represent laboratory tests. Case A was conducted 
with pure MEA solution containing no acid gases, and all alloys performed well. For Case B, 
carbon dioxide was bubbled through the solution during the test, and severe corrosion of car- 
bon steel occurred. Cases C through F are based on corrosion coupons installed in operating 
gas treating plants. In general, monel and the 300 series stainless steels performed well in all 
plants, although some pitting occurred in the 304 and 316 stainless steel samples that were 
exposed to DEA plant stripper conditions for 483 days. These conditions also proved too 
severe for the carbon steel coupons, which were completely destroyed. Aluminum did not 
prove suitable for any of the conditions tested. 

Amine-Acid Gas Carbon Steel Corrosion Mechanisms 

Pure amines and mixtures of only water and amines are not corrosive because they have 
low conductivity and high pH (Dupart et al., 1993A, B). However, rich amine solutions, 
which have high conductivity and a pH significantly lower than lean amine solutions, can be 
quite corrosive. 

The effects of acid gas loading and temperature on solution pH are illustrated in Figure 3-4. 
The curves in this figure show that, for a 15% MEA solution, the pH decreases as either the 
acid gas loading or the temperature increases. They also show that, at equal loading, CO2 has 
a greater ability than H2S to reduce the pH; i.e., C02 is a stronger acid. It is interesting to 
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Table 3-2 
Corrosion Rates of Metals in MEA and DEA Solutions 

Case A B C D E P 
~~~ ~ 

Amine 
Concentration, wt% 
COZ 
HZS 
Temp, "F 
Test duration, days 
Service 

MEA 
20 
0 
0 

240 
21 

Lab. 
Test 

MEA 
20 
Sat. 
0 

240 
21 

Lab. 
Test 

MEA MEA 
90-95 15-20 

0 present 
0 0 

338-374 180-200 
36 100 

Reclaimer Refinery 
Absorber 

MEA 
15 

present 
present 

230 
270 

Nat. Gas 
Treater 

DEA 
11-15 

10-50 gr/gal 

483 
Stripping 
Column 

- 

225-23 1 

Indicated Corrosion Rate, mils per year 

Monel 1.0 3.0 0.3 1.6 1.3 2.1 
302 and 304 SS 4 . 0  nil 0.5 <o. 1 co. 1 <0.1(2) 
316 SS 1.0 <1 0.4 - co. 1 
410 SS 1.0 nil 8.0 - - 0.1(3) 
Aluminum 2s and 3s - - - - (1) 

Cast iron - 

(1) 
Mild steel 1.0 103 3 1.4 5.4 (1) 

- - 8.2 2.1 17 
Notes: 
1. 0.031" thick specimens completely destroyed. 
2. Pitted to a maximum depth of 2 mils. 
3. Pitted to a maximum depth of 13 mils. 
Source: Lang and Mason (1958) 

note that extrapolation of the curves for COz-containing MEA solutions to typical reboiler 
temperatures indicates that near-neutral or even slightly acid conditions may occur. 

Several mechanisms have been proposed for amine-acid gas corrosion. Riesenfeld and 
Blohm (1950, 1951A, B) were the first to note that significant amine corrosion was usually 
associated with the evolution of acid gases from the rich amine solution. Based on this obser- 
vation, Riesenfeld and Blohm stated that amine solution carbon steel corrosion was due to 
the presence of the acid gases themselves. For example, carbon dioxide can be evolved from 
rich amine solutions according to reactions 3-13 and 3-14: 

R3NH+ + HC03- = R3N + HzO + COz 

RzNHZ+ + RzNCOz- = COZ + 2RzNH 

(3-13) 

(3-14) 

The acid gases can then react directly with exposed carbon steel in the presence of water 
to form iron carbonate according to reaction 3-6 or 3-15: 

Fe + H20 + COz = FeC03 + 2H" (3-15) 

This overall equation does not explain the detailed reactions at the point of metal corrosion 
where the released hydrogen may originate from H+, H2C03, or alkanolammoniurn ions. 
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TEMPERATURE OF 

Figure 3-4. Effects of acid gas loading, acid gas composition, and temperature on the 
pH of 15 WO MEA solution, Reproduced with permission from Gas Conditioning and 
Processing, VoL 4, Gas and Liquid Sweetening, copyright 1985, Campbell Petroleum 
Series. (Maddox, 1985) 

The iron carbonate produced by these reactions is only slightly soluble and forms a film over 
the active metal surface, which offers limited protection from further corrosion. Similar corro- 
sion reactions occur with H2S; however, the iron sulfide film covering the active metal surface 
is much more protective than iron carbonate, and the iron sulfide film resists further corrosion. 

Attributing corrosion to simple acid gas attack explains several observed corrosion phe- 
nomena. For example, primary amines, such as monoethanolamine (MEA) and Diglyco- 
lamine (DGA), are more corrosive than secondary and tertiary amines because in amine sys- 
tems employing primary amines, which are difficult to strip, high concentrations of 
amine-acid gas salts are present in the hottest areas of the process. Conversely, 
methyldiethanolamine (MDEA), a tertiary amine, is easily stripped of both C02 and H2S. 
Therefore, it is less corrosive because the bulk of the acid gas is evolved from solution at a 
lower temperature. 

Another possible mechanism for the high corrosivity of lean MEA solutions containing 
COz involves the presence and behavior of carbamate. Austgen et al. (1991) conclude that 
carbon dioxide retained in partially stripped MEA solutions is almost entirely in the form of 
carbamate ions. An appreciable amount of monoethanolammonium carbamate does not 
decompose under stripper conditions and remains in solution. Since it resembles so-called 
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heat-stable salts with regard to stability, the carbamate may also act like other heat-stable 
salts with regard to corrosivity. 

Rooney et al. (1996) show that the corrosivity of the heat-stable salts of many acids 
(acetic, formic, sulfuric, malonic, succinic, and glycolic), in 50% MDEA, correlates well 
with the solution pH as measured at mom temperature. For example, the corrosion rate for 
carbon steel at 250°F increases linearly from almost zero, with no added acid (room temper- 
ature pH = 11.57), to roughly 60 mils per year when a sufficient quantity of any of the above 
acids is added to lower the room temperature pH to 9.9. The one exception is oxalic acid, 
which exhibits a much higher corrosion rate, apparently due to the formation of a chelate 
with iron. See Figure 3-5 for a summary of these experiments. 

MEA is a stronger base than MDEA and thus might be expected to be less corrosive. 
However, as shown in Figure 3-4 the addition of only 0.2 moles of carbon dioxide per mole 
of MEA reduces the pH of a 15% MEA solution from about 12.5 to 10.5 (at 70°F), which is 
appreciably lower than the pH of 50% h4DEA solution containing no acid gas. According to 
the data of Rooney et al. (1996), the addition of almost any acid to 50% MDEA in sufficient 
quantity to lower its room temperature pH to 10.5 could be expected to increase its rate of 
corrosion of carbon steel at 250"F, to about 30 mils per year, which is not out of line with the 
observed corrosivity of lean MEA solutions containing COz. 

Kosseim et al. (1984) provide an explanation for amine-acid gas corrosion which includes a 
plausible source for the proton needed for carbon steel corrosion. The authors note that acid 
gases react with amines to form alkanolammonium cations and the anions of the acid gases: 

140 lsi \ 
+Aceticadd 
+Formic acid 
4 O x a l i  acld 
+Sulfuric acid 
+Malonic acid 
+Succinic acid 
+Gtycollc acid 

9.6 9.8 10 10.2 10.4 10.8 10.8 I 1  11.2 11.4 

solution pH (me8Sund) 

Figure 3-5. Effect of the pH of various heat-stable salt solutions on carbon steel 
corrosion at 250°F. (Rooney eta/., 7996) 
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H2S + R3N = R3NH+ + HS- (3-16) 

COz + R3N + HzO = R3NH+ + HC03- (3-17) 

COZ + 2RzNH = RzNHz' + RzNCOz (3-18) 

Alkanolammonium ions (R2NHz+ and R3NH+) are acids in that they can provide protons for 
the corrosion reaction. The corroding metal (iron in this case) will react with the most abun- 
dant acid in the solution. In amine solutions, the alkanolammonium ion is much more concen- 
trated than the hydrogen ion. Thus, reaction 3-3 can be rewritten in the following form: 

Fe + 2R3NH+ = Fe2+ + 2H" + 2R3N (3-19) 

Reaction 3-19 implies that corrosion rates should increase in proportion to the concentra- 
tion of alkanolammonium ions, and generally this is true. Richer solutions are more corro- 
sive than leaner, other things being equal. Also, undegraded lean MEA solutions are more 
corrosive than undegraded lean diethanolamine @EA) solutions, because MEA, the stronger 
base, retains a higher concentration of alkanolammonium cations and, therefore, forms a 
more corrosive solution. 

Reaction 3-19, like reaction 3-3, is irreversible; therefore, its rate cannot in principle be 
affected by the concentrations of its products. In particular, heat stable anions such as the 
oxalate ion and amine degradation products that form complexes with ferrous ions should 
not affect the corrosion rate, yet experience shows that these contaminants often do aggra- 
vate corrosion (Rooney et al., 1996). The reason probably is that the deposition of a protec- 
tive film of iron compounds is prevented by removal of iron atoms from the carbon steel sur- 
face by complexing agents. Furthermore, those complexing agents that associate with femc 
as well as ferrous ions are very likely to inhibit the active-to-passive transition by preventing 
the formation of an insoluble femc oxide passive film. For these reasons, certain heat stable 
salt anions, amine carbamate anions, and amine degradation products may strongly affect 
corrosion rates, although they may not appear in the overall corrosion reactions. 

Uncontaminated solutions of tertiary amines such as MDEA are generally not corrosive 
whatever the acid gas. According to API 945, solutions of most amines are not corrosive if 
the ratio of hydrogen sulfide to carbon dioxide is above roughly 5/95, because the corrosion 
reaction leads to formation of a protective sulfide film (MI, 1990). The most corrosive com- 
binations appear to be those of primary or secondary amines with carbon dioxide. 

Although it is widely believed that the acid gases are primarily responsible for the corro- 
sion of carbon steel by amine solutions, the exact mechanisms have not been established 
unequivocally. As indicated by reactions 3-2, 3-5, and 3-19, there are several possible 
sources of protons that may accept electrons from elemental iron to cause corrosion and 
release elemental hydrogen. It is possible, of course, that more than one of the proposed 
species is active, depending on process conditions. Further fundamental work is needed to 
firmly establish the primary mechanisms and to clarify the effects of other factors such as 
solution contaminants, chelate formation, and scale deposition. 

Effect of Amine Loadings and Temperature 

Figure 3-6 shows the effect of COz loading on carbon steel corrosion (Fochtman, 1963). 
At a given amine concentration, corrosion increases as the COz loading increases. Through 
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Figure 3-6. Results of pilot plant tests showing the effect of temperature and acid gas 
loading on carbon steel corrosion. Reproduced witfi permission from Memica/ 
Engineering, Vol. 70, No. 2, mpynghf McGraw Hill Companies, Inc. (hxhtman et al., 1- 

experience, general guidelines have evolved on the maximum acceptable lean and rich amine 
loadings. Table 3-3 summarizes recommended lean and rich solution loadings obtained from 
various sources. As might be expected, here are considerable variations in these recommen- 
dations. One reason for these differences is that the recommended maximum loadings ignore 
the inhibition of corrosion by H2S. Therefore, these recommendations usually err on the con- 
servative side. 

Carbon steel corrosion due to high lean amine loadings can be limited by controlling the 
stripping operation in the amine regenerator. For a given stripping system (Le., fmed number 
of trays, pressure, amine type, and concentration, etc.), the primary factor affecting the 
degree of stripping is the amount of stripping vapor (steam). The quantity of steam stripping 
vapor is usually expressed in terms of the reflux ratio (the mole ratio of water vapor to acid 
gas in the gas phase leaving the stripping column) or the weight of steam fed to the reboiler 
per unit volume of rich amine solution (lb/gallon or kg/m3). Fitzgerald and Richardson 
(1966A, B) provide guidelines for estimating the amount of steam required (lb stedgallon 
rich MEA solution) as a function of the H2S/C02 ratio in the feed gas. See Chapter 2 for a 
more detailed discussion of amine stripping system design. 

Two methods of controlling the degree of lean amine stripping are in common use. The 
first uses flow ratio control to set the reboiler heat medium mass flow at a lixed value in rela- 
tion to the rich amine flow (kg of steam per m3 of solution or lb of steam per gallon of rich 
amine solution). See Figure 3-7. Most rich amines can be adequately stripped using between 
110 and 133 kg of steam per m3 of rich amine solution (0.9 to 1.1 lb of steam per gallon) 
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Table 3-3 
Recommended Maximum Amine Solution Concentrations and Maximum 

Rich and Lean Amine Solution Loadings 

Mol Acid GaslMol Amine 
Maximum Wt% Maximum Maximum 

Amine Concentration Lean Loading Rich Loading Reference 

MEA 
MEA 
MEA* 
MEA 
MEA 
MEA 
DEA 
DEA 
DEA 
DEA 
MDEA 
DGA 
DIPA 

15-20 
15-20 

18 
18 

10-20 
e20 

25-30 
20-30 
20-30 
2 0 4 0  
50-55 
50-65 
2040  

0.10-0.15 
0.08-0. 12 

0.13 
- 
- 

<o. 10* 
0.05-0.07 
- 
- 
- 

0.004-0.010 
- 
- 

0.30-0.35 
0.35-0.40 

0.3-0.4 
0.25-0.45 

c0.4 
0.35-0.40 

- 

0.33-1.0 
0.77-1 .O 
0.50-0.85 
0.45-0.50 
0.25-0.45 
0.50-0.85 

Dupart et al., 1993B 
Dingman et al., 1966 
Montrone and Long, 197 1 
Ballard, 1966 
Butwell et al., 1982 
Hall and Polderman, 1960 
Dupart et al., 1993B 
Smith and Younger, 1972 
Wendt and Daily, 1967 
Butwell et al., 1982 
Dupart et al., 1993B 
Butwell et al., 1982 
Butwell et al., 1982 

Notes: 
*For C02 only. 

(Wendt and Daily, 1967). The second control method uses the temperature between the top 
regenerator tray and the regenerator overhead condenser to reset the reboiler heat medium 
flow. See Figure 3-8. This controls the moles of reflux water per mole of acid gas leaving 
the amine regenerator overhead because, at a fixed regenerator operating pressure, the tem- 
perature above the top tray is directly related to the mol% water in the acid gas leaving the 
top tray. Usually, a reflux ratio of 1.0-2.0 moles of water per mole acid gas is adequate to 
strip most amines (Dupart et al., 1993B). 

As Figure 3-6 illustrates, high rich amine loadings can also lead to excessive corrosion. 
Figure 3-9 depicts a control strategy used to limit rich amine loadings and control corrosion 
(Dingman and Moore, 1968). As shown in Figure 3-9, in a typical amine absorber most of 
the heat of reaction is released in the bottom section of the tower. If there is too little amine 
in relation to the amount of acid gas, the temperature bulge moves up the column. If there is 
excessive amine, the temperature bulge moves to the bottom of the column and amine acid 
gas loadings are low. Using the temperatm near the middle of the amine absorber to reset 
the amine flow, as depicted, for example, in Figure 3-9, maintains a relatively constant rich 
amine loading. This minimizes the chance of severe corrosion due to temporary overloading 
of the rich amine solution and also minimizes lean amine pumping and rich amine stripping 
costs. For this control scheme to work the temperature bulge must be at least 15 to 20"F, so 
it is not suitable for an absorber treating a gas stream with a low acid gas content. 
There is general agreement that concentrated amine solutions with low acid gas loadings are 

less corrosive than less concentrated solutions with higher loadings when it is necessary to 
absorb more acid gas. Butwell (1968), for example, recommends that amine concentrations be 
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Figure 3-7. Use of flow ratio control to control amine stripping. 

increased in pference to increasing amine loadings when it is necessary to absorb more acid 
gas. Although more concentrated amine solutions are more diflicdt to strip, they are preferred 
as long as the regenerator reboiler has enough capacity to regenerate the solution. Figure 3-6 
also shows that at constant amine acid gas loading, carbon steel corrosion increases as the tem- 
perature increases. To minimize corrosion, operating and reboiler heat medium temperatures 
are generally limited to maximum values. Table 3-4 summarizes various recommendations. In 
most cases, it is desirable to limit the reboiler steam temperature to about 150°C (300°F). 

Effect of the H#/C02 Ratio 

The guidelines in API 945 (API, 1990) suggest that solutions of most amines are not cor- 
rosive if the ratio of hydrogen sulfide to carbon dioxide is above about 5/95, because when 
sufficient H2S is present a protective iron sulfide film is formed according to reaction 3-20: 

Fe + H2S = 2H" + FeS (3-20) 
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Figure 3-8. Use of amine regenerator overhead temperature to control amine stripping. 

The ferrous sulfide film is sufficiently adherent and nonporous to prevent further corro- 
sion as long as erosion-corrosion is prevented by good mechanical design, and impurities 
which remove the protective sulfide film, such as cyanide, are not present. The lack of corro- 
sion at high HzS/C02 ratios has been exploited in the SNPA-DEA process where acid gas 
loadings of 0.77 to 1.0 moles of acid gas per mole of amine have been achieved (Wendt and 
Dailey, 1967). High acid gas loadings might also be achieved with other amines at high 
HzS/COz ratios; however, no confirming data have been published. In the absence of better 
data, it is recommended that the guidelines of Dupart et al. (1993B) as summarized in Table 
3-3 for maximum rich solution loadings be followed even though they ignore the effect of 
the H2S/CO2 ratio. 

Several studies have been published on the effect of the H2S/CO2 ratio on the corrosion of 
carbon steel by amine solutions (Froning and Jones, 1958; MacNab and Treseder, 1971; 
Lang and Mason, 1958; Dow, 1962). The results of corrosion tests reported by Froning and 
Jones (1958) are summarized in Figures 3-10 and 3-11. Both charts show the rate of com- 
sion of carbon steel in boiling MEA solutions with nitrogen gas containing COz and/or H2S 
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Boy: 

Figure 3-9. Use of absorber temperature to conirol the lean amine flow rate and rich 
amine loading. (Dingman and Moore, 1968) 

bubbling through the liquid. The tests were conducted in stainless steel vessels, presumably 
at atmospheric pressure. Figure 3-10 presents data for tests with a 10% MEA solution con- 
tacted by a nitmgen/H2S mixture. The highest corrosion rate occurred with a gas containing 
0.01 to 0.05% H2S. The corrosion rate dropped rapidly as the H2S content of the gas was 
increased, and appeared to level off at a low value (less than 1 d y e a r )  at H2S concentra- 
tions above about 5% in the gas. 

Figure 3-11 covers corrosion tests in boiling 10 and 20% MEA solutions contacted with 
gas containing both H2S and C02. The results are quite similar to those of Figure 3-10, indi- 
cating that the corrosion rate is controlled primarily by the H2S content of the gas and that 
5% or more H2S effectively inhibits corrosion regardless of the C02 content of the gas (up to 
at least 33% C02). 

Since these tests were conducted with amine solutions at their boiling points, the vapor 
phase would be primarily steam, and neither the partial pressures of the acid gases nor the 
acid gas concentrations in the test solutions can be accurately estimated. The plant location 
most closely simulated by the test conditions is the stripping column, where the pressure is 
near atmospheric, the temperature is near the solution boiling point, and the vapor phase is 
primarily steam with some acid gas. However, the H2S/C02 ratio in the acid gas is not con- 
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L),OC (OF) 

Steam 

149 (300) 
149 (300) 
149 (300) 
141 (285) 
- 

- 

135 (275) 

Table 3-4 
Recommended Maximum Process and Heat Medium Temperatures 

Reference 

Dupart et al., 1993A 
Dingman et al., 1966 
COMOI-S, 1958 
Ballard, 1966 
Ballard, 1986A, 
1986B 

Carlson et al., 1952 

Hall and Polderman, 196( 

I 
Maximum Process 

Amine Temp, O C  (OF) 

All 
MEA 
MEA 
MEA 
M E A  

MEA 

MEA 

Notes: 

124 (255) 
127 (260) 
121 (250) 
127 (260) 
116-127 

(240-260) 
- 

121 (250) 

Maximum Heat Medium 1 
Temperature 

Hot Oil 
- 
- 
- 
- 

e230 (<450) 

188-227 
(370440) 
- 

1. Fired heater reboilers should be designed to keep the tube wall temperature below 300°F which 
limits the heatjlux to 6,500 to 8,500 Btu/fir)@2) (Manning and Thompson, 1991; Ballard, 1966). 
Bacon (1987) recommends that thejred heater tube skin temperature be limited to a maximum of 
350°F and heatjlux should be limited to 6,000 to 8,000 Bru/Fr)@2). bese constraints may requin 
inlet ferrules to restrict heat j lux at the fired inlet. 

Figure 3-10. Corrosion of carbon steel in an H2S-N2-MEA-H20 environment. (Froning 
and Jones, 1958) 
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Figure 3-1 1. Corrosion of carbon steel in an H2S-CO2-N2-MEA-H2O environment. 
(Froning and Jones, 7958) 

stant over the length of the stripping section and is equal to that in the feed gas only at the 
top. Nevertheless, the ratio of H2S to COz found to minimize corrosion in the Froning and 
Jones tests has been used for guidance in the design of MEA plants. Assuming that the curve 
of Figure 3-11 is valid for all C02 concentrations tested (up to 32.6% COz) and that at least 
5% H2S is required to inhibit corrosion, an H2S/C02 ratio of at least Y32.6 or U6.5 would be 
needed. If it is assumed that the same curve would hold for an acid gas mixture of 5% H2S 
and 95% COz, then one could conclude that the HzSIC02 ratio should be at least 5/95. The 
observation in API Recommended Practice 945 (API, 1990) that corrosion has been least 
severe in low pressure amine plants that remove only H2S or remove mixtures in which H2S 
is at least 5% of the acid gas is based on the Froning and Jones (1958) paper and industrial 
plant experience (Gutzeit, 1994). 

Corrosion tests reported by Riesenfeld and Blohm (1950, 1951A, B) confirm the conclu- 
sion of Froning and Jones that there is no correlation between the rate of carbon steel corro- 
sion and the H2S/C02 ratio when this ratio is higher than about 5/95 and that the presence of 
H2S inhibits carbon steel corrosion. MacNab and Treseder (197 1) have also investigated the 
effect of the H2S/C02 ratio on amine solution carbon steel corrosion. Their results, which are 
based on tests with diisopropanolamhe @PA or ADP) solutions, do not support the con- 
clusions of Froning and Jones. It is possible that this discrepancy is due to the use by Mac- 
Nab and Treseder of sealed glass containers for the corrosion tests. Silica dissolved from 
glass containers is known to inhibit amine solution corrosion (Froning and Jones, 1958). 

Effect of Heat-Stable Salts and Amine Degradation Products 

Carbon dioxide and hydrogen sulfide are weak enough acids that their reactions with 
amines are thermally reversible. Acids that are sufficiently strong that their reactions Virith 
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amines are not thermally reversible are called heat-stable acids, and products of their reac- 
tions with amines are heat-stable salts. If heat-stable acids enter an amine unit or are generat- 
ed in the amine solution by reaction with trace amounts of oxygen or by thermal degradation 
of the amine, heat-stable salts can accumulate in the solution. 

Heat-stable salts have several sources. In refineries, FCCU gases may contain traces of 
formic, oxalic, and acetic acids. Traces of oxygen in various refinery gas streams (e.g.. 
FCCU, delayed coker, vacuum unit, vapor recovery system), air leaking into gas gathering 
systems which are operated at subatmospheric pressure, and oxygen in unblanketed amine 
storage tanks and sumps can react with the amine to form carboxylic acids and with H2S to 
form elemental sulfur and thiosulfate. In refinery systems, elemental sulfur can then react 
with cyanide to form thiocyanate. 

Heat-stable salts reduce the acid gas removal capacity of the amine solution by tying up a 
portion of the amine. The presence of heat-stable salts can also increase the corrosivity of 
amine solutions (Dupart et al., 1993B). Such salts are corrosive because they lower the 
amine solution pH, increase solution conductivity, and may also act as chelating agents, dis- 
solving the protective film covering the base metal (Rooney et al., 1996). It is also possible 
that some of the weaker heat-stable acids, such as formic acid, vaporize in the amine regen- 
erator to release the free acid, which could then react with exposed carbon steel (McCul- 
lough and Nielsen, 1996). Amine-C02 degradation products, some of which are strong 
chelating agents, may also contribute to amine solution corrosion by removing protective 
oxide or sulfide films (Polderman et al., 1955A, B; Chakma and Meisen, 1986). While it is 
generally agreed that heat-stable salts and amine degradation products contribute to amine 
solution corrosion, there is no definitive explanation of the corrosion mechanism. In fact, it 
is likely that several factors, including lowering of the amine solution pH and chelating 
effects, contribute to carbon steel corrosion by heat-stable salts and amine degradation prod- 
ucts (Rooney et al., 1996). See Figure 3-5 and the discussion on amine-acid gas carbon steel 
corrosion mechanisms for more information. Corrosion due to heat stable salts can be con- 
trolled by amine reclaiming and/or the addition of soda ash or caustic soda to neutralize the 
acids involved. 

Amine RecZaiming. The operation of sidestream purification units (reclaimers) makes it 
possible to maintain a constant concentration of active amine in the treating solution and pre- 
vent the accumulation of corrosive heat-stable salts and amine degradation products. Com- 
mercial techniques used to reclaim amine solutions include distillation under vacuum; 
atmospheric or higher pressure distillation; ion exchange; and electrodialysis. Atmospheric 
or higher pressure distillation can only be used for MEA and DGA, which are primary 
amines. Secondary amines (DEA and DIPA) and MDEA, a tertiary amine, must be 
reclaimed by vacuum distillation, ion exchange, or electrodialysis because these amines 
decompose at atmospheric distillation temperatures. Design and operating guidelines for 
MEA thermal reclaimers are provided in several references: Hall and Polderman (1960), 
Blake and Rothert (1962), Blake (1963), Dow (1962), and Jefferson Chemicals (1963). DGA 
reclaiming is reviewed by Kenney et al. (1994), ion exchange by Keller et al. (1992), and 
electrodialysis by Union Carbide (1994) and Burns and Gregory (1995). Reclaiming of sec- 
ondary and tertiary amines is usually on a contract basis, while primary amines are reclaimed 
as a part of normal operation. Amine reclaiming should be considered when the heat stable 
salt content is greater than 10% of the active amine concentration (Dupart et al., 1993B). A 
detailed review of amine reclaiming techniques is presented later in this chapter. 
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Heat Stable Salt Neutralization. Soda ash (or caustic soda) is often added to DEA and 
MDEA solutions to neutralize heat-stable salts, and there is considerable plant evidence that 
this is an effective means of reducing corrosion (Smith and Younger, 1972; Butwell et al., 
1982; Liu and Gregory, 1994; Bums and Gregory, 1995; Liu et al., 1995; Rooney et al., 
1996). Adding soda ash reduces amine solution corrosiveness by raising the solution pH. 
Soda ash addition may also reduce corrosion by preventing the release of weaker acids such 
as formic acid during amine regeneration (McCullough and Nielsen, 1996). Although soda 
ash addition can reduce corrosion, the amount that can be added is limited because solids 
will eventually be precipitated, plugging equipment and piping. However, solids precipita- 
tion and equipment plugging can be avoided if soda ash addition is combined with amine 
solution reclaiming using either batch distillation, ion exchange, or electrodialysis. Soda ash 
addition is particularly attractive for secondary and tertiary amines like DEA and MDEA 
since these amines cannot be reclaimed during normal operation. Therefore, for these 
amines, soda ash addition can be used to control corrosion until a contract reclaimer arrives 
at the plant site. 

According to Scheinnan (1973A, B), soda ash should first be added to DEA solutions 
when the heat stable salt concentration reaches 0.5 wt%. Nearly 20 wt% sodium salts can be 
tolerated before any solids precipitate. Potassium carbonate can also be used to neutralize 
heat stable salts and has the advantage of being about 25% more soluble by weight than sodi- 
um compounds (Scheirman, 1973A, B). 

For MDEA solutions, Liu and Gregory (1994) recommend that soda ash should be added 
to keep the amine heat stable salts concentration below 2 wt%. The MDEA solution should 
be reclaimed when the total heat stable salt anion content reaches 4 wt%. Rooney et al. 
(1996) have also investigated caustic soda neutralization of MDEA solutions containing heat 
stable amine salts. They recommend that soda ash addition be used to keep the heat stable 
amine salts level below 0.5 wt%. In addition, they recommend that individual heat stable 
amine salt anions be kept below the following maximum levels: 

Heat-Stable Amine Salt Anion Maximum ppmw 

oxalate 250 
500 

acetate or succinate 1,000 
thiosulfate 10.000 

formate, glycolate, malonate, sulfite, or sulfate 

According to Rooney et al., the amount of soda ash that can be added is limited to a maxi- 
mum of about 10% of the total MDEA concentration before solution viscosity and solids 
precipitation problems occur. 

Effect of Amine vpe 

It is well known that the choice of amine affects corrosion (Dupart et al., 1993A, B). Pri- 
mary amines like MEA and DGA are more corrosive than secondary amines like DEA and 
DIPA. In turn, DIPA and DEA ace more corrosive than tertiary amines like MDEA. As noted 
by DuPart et al. (1993A, B) several investigators have shown that all amines are equally 
non-corrosive when no acid gas is present (MacNab and Treseder, 1971; Lang and Mason, 
1958; Froning and Jones, 1958; Blanc et al., 1982A, B). Therefore, differences in corrosion 
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cannot be due to the amine alone. Several explanations have been offered to account for the 
effect of amine type on corrosion. For example, MDEA differs from MEA, DEA, DJPA, and 
DGA in that it does not form amine-C02 degradation products. However, investigations by 
Polderman et al. (1955A, B) for MEA and by Chakma and Meisen (1986) for DEA suggest 
that although amine-C02 degradation products contribute to corrosion, they are not the pri- 
mary cause. As noted by DuPart et al. (1993% B), it is possible that the ability of primary 
and secondary amines to form carbamates according to reaction 3-18 may account for the 
differences in corrosion. Perhaps the more basic amines such as MEA are more corrosive 
due to the presence of undecomposed salts such as allcanolammonium carbamate and the 
resultant concentration of allcanolammonium ions in the hottest sections of the amine regen- 
erator (see equation 3-19). Also, less basic amines such as DEA are easier to strip than 
MEA, while MDEA is very easily stripped. Consequently, DEA and MDEA alkanolammo- 
nium ion concentrations are low in the bottom section of the amine regenerator where the 
amine solution is the hottest. Therefore, these less basic amines are less corrosive than pri- 
mary amines such as MEA and DGA. 

Erosion-Corrosion 

Erosion-corrosion is caused by high amine solution velocities, solution turbulence, and 
impingement of gas and amine on metal surfaces. Erosion-corrosion removes the protective 
iron sulfide, carbonate, or oxide film protecting the piping and equipment from corrosion. 
Areas that are subject to erosion-corrosion include the piping from the amine contactor pres- 
sure let-down valve to the rich amine flash drum, the piping from the rich amine flash drum 
level control valve to the amine regenerator, and the lean amine pump (see Figure 3-1). 
Other areas that are affected include heat exchanger tubes near the inlet nozzle, the amine 
contactor near the sour gas inlet, and the amine regenerator near the rich amine inlet. Ero- 
sion-corrosion is aggravated by dirty amine solutions containing suspended solids. Erosion- 
corrosion can be reduced by choosing the correct materials of construction and mechanical 
design details which minimize impingement, reduce turbulence, and lower amine solution 
velocities. Amine solution mechanical filtration to remove suspended solids also reduces 
erosion-corrosion. Several authors recommend that suspended solids levels be kept below 
0.01 wt% (Liebennan, 1980; Hall and Polderman, 1960). Mechanical filtration of amine 
solutions is reviewed in more detail later in this chapter. 

Erosion-Corrosion of Piping 

API 945 recommends designing both lean and rich amine carbon steel piping for veloci- 
ties less than 1.8 d s e c  (6 Wsec) (MI, 1990). Table 3-5 summarizes piping velocity recom- 
mendations from several sources. As noted, recommended velocities range from 0.9 to 1.8 
d s e c  (3 to 6 ft per sec). Although there is no published research to support these recommen- 
dations, it is thought that API 945 represents good practice because it is an industry consen- 
sus document. Sheilan and Smith (1984) and Dingman et al. (1966) recommend the use of 
seamless pipe and long-radius elbows to reduce amine piping erosion-corrosion. Sheilan and 
Smith also suggest that threaded connections or socket weld fittings be avoided. 

Erosion-Corrosion of Heat Exchangers and Reboilers 

Ballard (1966) and Dingman et al. (1966) recommend the use of multiple inlets and out- 
lets to reduce corrosion of kettle and horizontal thermosyphon reboilers. See Figure 3-12. 
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~ 

Table 3-5 
Recommended Maximum Amine Solution Piping Velocities 

for Rich and Lean Amine Solutions 
~ 

Velocity, d s e c  (fthec) (Note 1) I Amine Rich Solution Lean Solution Reference 

All 1.8 (6) 1.8 (6) API, 1990 
All 0.9 (3) 0.9 (3) Campbell, 1981 
MEA 0.9 (3) 0.9 (3) Dingman et al., 1966 

- Dupart et al., 1993B 
- Dailey, 1970 DEA (Note2) 1.0 (3.3) 

DEA (Note 2) 0.9 (3.0) - Smith and Younger, 1972 
DGA 1.5 (5) 1.5 (5) Seubert and Wallace, 1985 
All 0.6-1.5 (2-5) 0.6-1.5 (2-5) Manning and Thompson, 1991 
Notes: 
I .  Figures also generally apply to heat exchanger tubing. However, Manning and Thompson (1991) 

All 1.5 (5) 

recommend a maximum tubeside velocity of 2 to 4ft/sec for leadrich exchangers where rich amine 
is on the tubeside. 

exchanger. Dailey (1970) and Smith and Younger (1972) report that severe corrosion occurred in 
the tubes of a leadrich exchanger when the tubeside velocity exceeded 5.25ft/ec. 

2. Recommended velocity applies only to rich DEAJowing through the tubeside of a leadrich 

VAPOR VAPOR 

STEAM 

Figure 3-1 2. Recommended kettle reboiler dimensions and inlet and outlet piping 
configuration to minimize carbon steel corrosion. Reproduced with permission from 
Hydmaaon PmessinQ, April 1966. (Ballard, 1966) 
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Sheilan and Smith (1984) recommend perforated inlet baffles for heat exchangers to prevent 
corrosion due to impingement. Ballard (1966), Dingman et al. (1966), and Connors (1958) 
suggest designing reboilers with liberal disengaging space to minimize violent boiling and 
resulting erosion-corrosion. All recommend removal of tube rows to form a ‘V or “X” in 
existing installations where violent boiling is a problem. See Figure 3-13. Ballad (1966) 
recommends designing exchangers and reboilers with square pitch to facilitate cleaning and 
reduce erosion-corrosion. Connors (1958), Dingman et al. (1966), and Smith and Younger 
(1972) advise keeping amine velocities in carbon steel heat exchangers below 0.9 d s e c  (3 
ft/sec). However, this guideline may be too conservative because the velocity recommenda- 
tions for piping (1.8 d s e c  or 6 ft/sec) summarized in Table 3-5 should apply to heat 
exchangers as well. Ballard (1966) advises that the reboiler bundle should be covered with 
15 to 20 cm (6 to 8 inches) of liquid to prevent localized drying of exposed tubes and over- 
heating. He also recommends locating the reboiler tube bundle about 15 cm (6 inches) 
above the bottom of the reboiler shell to allow free circulation of the amine through the 
tube bundle. See Figure 3-12 for details. The reboiler steam control valve should be located 
on the reboiler inlet, not the condensate outlet, to prevent high localized temperatures due 
to steam side reboiler flooding and resulting corrosion. As shown in Figure 3-1, the ledrich 

0 0 0 0 0 0 0 0 0  
. 0 0 0 0 0 0 0 0 0 .  
0 . 0 0 0 0 0 0 0 . 0  
0 0 . 0 0 0 0 0 . 0 0  
0 0 0 . 0 0 0 . 0 0 0  
0 0 0 0 . 0 . 0 0 0 0  
0 0 0 0 0 . 0 0 0 0 0  

0 0 0 0 0 0 0  

. 0 0 0 0 0 0 0 .  
0 0 . 0 0 0 0 0 . 0 0  
0 0 0 . 0 0 0 . 0 0 0  
0 0 0 0 . 0 . 0 0 0 0  
0 0 0 0 0 . 0 0 0 0 0  
0 0 0 0 . 0 . 0 0 0 0  
0 0 0 . 0 0 0 . 0 0 0  

. 0 0 0 0 0 0 0 .  
0 0 0 0 0 0 0  

Figure 3-13. Recommended tube removal pattern to reduce vapor blinding 
horizontal thermosyphon reboilers. (Dingman et al., 1966) 

in I kettle or 
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amine exchangem should be located upstream of the rich amine level control valve to minimize 
acid gas evolution inside the exchangers, and the rich amine should be on the tube side. If the 
ledrich amine exchangers are stacked, rich amine should flow up through the tubeside of the 
bottom exchanger to the tubeside of the upper unit. 

Erosion-Corrosion of Lean Amine Pumps 

To minimize turbulence and erosion-corrosion of the lean amine pump impeller and cas- 
ing, Sheilan and Smith (1984) recommend a minimum of 8 to 9 pipe diameters of straight 
pipe upstream of the pump suction. As shown in Figure 3-1, lean amine pumps should be 
located downstream of the leadrich amine exchanger because the hot lean amine solution 
leaving the regenerator is often near its boiling point at the elevation corresponding to the 
lean amine pump suction. Placing the lean amine pump downstream of the leadrich 
exchanger ensures that the lean amine is subcooled and, therefore, less subject to gas evolu- 
tion when it enters the pump. Cooling the lean amine solution also raises the solution pH 
(see Figure 3-4) and makes the solution less corrosive (see Figure 3-6). 

Erosion-Corrosion of Pressure Let-Down Valves 

To reduce erosion-corrosion of pressure let-down valves downstream of absorbers, Graff 
(1959) recommends the use of carbon steel bodies with type 316 SS intemals and stellited 
trim when the valve pressure drop is above 7 to 14 bar (100 to 200 psi). Scheirman (1976) 
recommends carbon steel globe body valves with stellited 316 SS intemals, but also suggests 
that valves be selected with the maximum feasible valve body size in order to minimize the 
amine velocity through the valve body. 

Cracking of Carbon Steel in Amine Service 

Background 

Four carbon steel cracking mechanisms in alkanolamine gas treating units have been iden- 
tified. Reviews of these cracking mechanisms have been provided by Menick (1989), Buch- 
heim (1990), Gutzeit (1990), and in API 945 (MI, 1990). The first three cracking mecha- 
nisms are associated with the entry of atomic hydrogen into the carbon steel lattice. These 
three cracking mechanisms are known as sulfide stress cracking (SSC), hydrogen-induced 
cracking (HIC), and stress-oriented hydrogen induced cracking (SOHIC). All three of these 
cracking mechanisms require the production of atomic hydrogen in an aqueous-HzS solution. 
While there is no established lower H2S concentration limit, industry practice has been to 
assume that aqueous solutions containing more than 50 ppmw HzS can lead to cracking 
(NACE, 1994B). In the vapor phase, a commonly used threshold for SSC is an H2S partial 
pressure of 0.34 kPa (0.05 psia). The three cracking mechanisms are distinguished from each 
other by what entraps the atomic hydrogen inside the metal lattice, whether it recombines to 
form molecular hydrogen, the orientation and features of the resulting cracks, and the correc- 
tive measures required to minimize each type of cracking. The fourth mode of cracking is 
alkaline stress corrosion cracking (ASCC). It is thought that ASCC is caused by a film rup 
ture mechanism. Stressed areas such as heat-affected zones slip, breaking the passive film 
and exposing bare steel, which corrodes to form cracks. The passive film reforms, but resid- 
ual stresses cause the film to rupture again, leading to more corrosion. Repetition of this 
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process leads to cracking. A summary of each cracking mechanism follows. Examples of 
each cracking mechanism are provided in API 945, Appendix A (API, 1990). 

SSC (Sulfide Stress Cracking) 

Carbon steel is embrittled by atomic hydrogen dissolved in the metal lattice. In the heat- 
affected zones adjacent to welds there are often very narrow hard zones combined with 
regions of high residual tensile stress that may become embrittled to such an extent by dis- 
solved atomic hydrogen that they crack. Figure 3-14 shows sulfide stress cracking originat- 
ing at a heat-affected zone of a weld (API, 1990). SSC is directly related to the amount of 
atomic hydrogen dissolved in the metal lattice and usually occurs at temperatures below 
90°C (194°F) (Gutzeit, 1990). SSC is also dependent on the composition, microstructure, 
strength, and residual and applied stress levels of the steel (Buchheim, 1990). SSC has been 
found in attachment and seam welds in the amine regenerator overhead system, in the bot- 
tom of the amine absorber, in the top of the amine regenerator column, and on the rich side 
of the leadrich amine exchanger (Gutzeit, 1990). These locations suggest that SSC is due 
mainly to wet acid gas corrosion. See Figure 3-1. This form of cracking can generally be 
prevented by limiting the carbon steel weld metal hardness to less than 200 Brinell (BHN) 
and by restricting the steel tensile strength to less than 621 MPa (90 ksi) (NACE, 1994B; 
1987). Post weld heat treatment (PWHT) is beneficial in mitigating SSC because it reduces 
hardness and relieves stresses (Menick, 1989; Buchheim, 1990). 

I 

1 

Figure 3-14. Sulfide stress cracking (SSC) in an existing hardened heat-affected zone 
on a weld. (AH, 7994 
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HIC (Hydrogen-Induced Cracking) 

When hydrogen atoms dissolved in carbon steel meet a non-metallic inclusion, e.g., a sul- 
fide or oxide particle, a slag inclusion, a lamination, or other discontinuity, they often com- 
bine irreversibly to form molecular hydrogen. The molecular hydrogen, unlike atomic hydro- 
gen, cannot escape; therefore, it accumulates and builds up high pressure inside the metal. 
Eventually, the pressure causes the metal-inclusion interface to separate, resulting in crack- 
ing or blistering. The blisters are parallel to the steel surface because the carbon steel lamina- 
tions or inclusions are typically elongated parallel to the carbon steel surface when the steel 
is rolled during manufacture. Figure 3-15 shows HIC blistering in a steel pipe. HIC rarely 
occurs in product forms other than plate or plate products. 

HIC is also called hydrogen blistering cracking or stepwise cracking. HIC depends on 
steel cleanliness and composition. It has been found primarily in the bottom of absorber tow- 
ers, in the amine regenerator overhead system, and in the top section of the amine regenera- 
tor tower (Gutzeit, 1990). These locations suggest that the principal cause of HIC is wet acid 
gas corrosion. HIC may be avoided by using specially manufactured “clean steel” plates that 
are more HIC-resistant than conventional carbon steel. HIC-resistant carbon steel is made by 
ladle treating with either calcium or a rare earth metal for residual sulfide-inclusion shape 
control. A recently published NACE International Technical Committee Report reviews the 
manufacturing and test methods for HIC-resistant steel (NACE, 1994A). Since hydrogen 
induced cracking depends on the cleanliness of the carbon steel and its method of manufac- 
ture, HIC cannot be prevented by PWHT (Buchheim, 1990). 

SOHIC (Stress-Oriented Hydrogen-Induced Cracking) 

As in HIC, SOHIC is caused by atomic hydrogen dissolved in the carbon steel lattice com- 
bining irreversibly to form molecular hydrogen. The molecular hydrogen collects at imper- 
fections in the metal lattice, just as in HIC. However, due to either applied or residual stress- 
es, the trapped molecular hydrogen produces micro-fissures which align and interconnect in 
the through-wall direction. SOHIC can propagate from blisters caused by HIC, SSC, and 
from prior weld defects (Gutzeit, 1990, Bucbheh, 1990). For example, Figure 3-16 shows 
SOHIC propagating from a blister caused by HIC, and Figure 3-17 shows SOHIC propagat- 
ing from SSC (API, 1990). However, neither HIC nor SSC are preconditions for SOHIC 
(Buchheim, 1990). In amine systems, SOHIC has been found mostly in the upper section of 
the amine regenerator tower, in the amine regenerator overhead system, and in the bottom 
section of the absorber below the bottom tray (Gutzeit, 1990). As with HIC, these locations 
suggest that the primary cause of SOHIC is probably atomic hydrogen produced by wet acid 
gas corrosion (see Figure 3-1). PWHT improves the resistance of carbon steel to SOHIC, 
but does not totally eliminate it (Buchheim, 1990). In recent years, many users have speci- 
fied HIC-resistant carbon steels, with PWHT, for SOHIC resistance. However, under very 
corrosive laboratory conditions even HIC-resistant steels have been shown to be susceptible 
to SOHIC (Cayard et al., 1994). Therefore, carbon steel plate clad with austenitic stainless 
steel has been used to eliminate the risk of SOHIC. Since SOHIC is most prevalent in the 
amine regenerator overhead system, cladding this area, as shown in Figure 3-1, can prevent 
both SOHIC and HIC. 
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Figure 3-15a. Hydrogen surface blisters in steel pipe caused by H2S service. (AH, 7990) 
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Figure 3-15b. Splitting and bulging in carbon steel plate due to the growth of an 
embedded blister. (AH, 7990) 
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Figure 3-16. Crack extension from a hydrogen blister. (AH, 799a) 

ASCC (Alkaline Stress-Corrosion Cracking) 

As noted earlier, it is thought that ASCC is caused by a film rupture mechanism. In areas 
of high residual stress, such as heat affected zones, slip causes the passive film to break, 
exposing bare steel, which corrodes to form cracks. If the corrosion rate is greater than the 
rate of passive film formation, the protective film will not reform, and pitting or some other 
form of localized corrosion will occur. However, if the passive film forms faster than the 
metal corrodes, the protective film will be restored. Repetition of this process results in alka- 
line stress corrosion crack growth. ASCC is the most common cracking mechanism in alka- 
nolamine gas treating plants. It can occur in plants treating C02, H2S, or mixtures of both 
acid gases (Richert et al., 1987; 1989). Figure 3-18 shows ASCC in the vicinity of a weld. 

ASCC in amine gas treating plants was first reported in 1951 by a NACE Committee 
(Schmidt et al., 1951). In 1953, Garwood reported ASCC in MEA plants treating natural gas. 
Cracks were found in heat exchanger heads, amine absorbers, piping, and amine regenerators. 
The cracks were intergranular and oxide-filled. Since the cracking occurred only in highly 
stressed, heat affected zones, PWHT was recommended to eliminate ASCC. As a result of 
this early work, the industry adopted a general policy of PWHT for all piping and equipment 
(except storage tanks) in contact with amine above a certain temperature. Depending upon the 
company and the amine, the selected temperature varied between 38 and 93°C (100 and 
200°F) with 66°C (150°F) being a common choice (Richert et al., 1987; 1989). 

In 1982, Hughes reported ASCC in non-PWHT carbon steel equipment in an MEA refin- 
ery unit. ASCC had occurred in welds in contact with amine at temperatures ranging from 53 
to 93°C (127 to 200°F); although no cracking had occurred in PWHT welds operating at 
temperatures as high as 155°C (31 1°F). Hughes (1982) concluded that PWHT for all carbon 
steel piping and equipment in amine service would eliminate ASCC. 
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Figure 3-1 7a. Stress-oriented hydrogen-induced cracking (SOHIC) from pre-existing 
sulfide stress cracking (SSC). (AP/, 79911) 

Figure 3-17b. Higher magnification view of the crack tip shown in Figure 3-17a. 
(API, 7990 
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In 1984, an amine LPG treater ruptured, causing an explosion and fire that killed 17 people 
(McHenry et al., 1986; 1987). Although the disaster was apparently caused by a combination 
of HIC and SOHIC, this disaster and reports of extensive cracking in other amine systems 
(Gutzeit and Johnson, 1986; Anon, 1985) initiated investigations of carbon steel cracking in 
amine units. These investigations, which revealed many instances of ASCC, were undertaken 
by NACE Group Committee T-8 on Refining Corrosion in cooperation with the API. 

Results of an industry survey by this group were reported in 1989 by Richert et al. This 
survey included 294 amine units, 272 of them in refineries, and most of them MEA and DEA 
units. This survey indicated that cracking occurred primarily in MEA service. Nearly every 
crack was associated with a weld that had not been PWHT. Cracks occurred in every type of 
equipment and at temperatures as low as ambient. However, no conclusive correlation was 
found between cracking and most process variables, including source of gas, amine concen- 
tration or acid gas loading, use of filters or reclaimers, use of corrosion inhibitors, type of 
carbon steel, or addition of caustic to neutralize heat-stable salts. ASCC was found to be 
generally independent of the HzS/COz ratio. However, all amine plants with less than 1 
mol% HzS in their feed experienced cracking. This suggests that at least 1 mol% H2S in a 
predominantly COz stream has some tendency to inhibit ASCC. This conclusion was con- 
firmed by later laboratory investigations (Schutt, 1988; Parkins and Foroulis, 1988; Lyle, 
1988). The survey data could not be used to demonstrate that ASCC was temperature depen- 
dent because most of the equipment operating at higher temperatures was PWHT. However, 
the experience documented by Garwood (1953) suggests that ASCC increases with increas- 
ing temperature when equipment and piping are not PWHT. Since 98% of the cracks report- 
ed in the survey occurred in carbon steel welds that had not been PWHT or at nozzles where 
PWHT is difficult, PWHT of all carbon steel piping and equipment in amine service was 
judged to be the single most effective measure to prevent ASCC. Later, additional data on 
DEA and DIPA gas treating units, which included data on ASCC below 66°C (150°F) for 
both DEA and DIPA, confirmed that PWHT is required to prevent ASCC in plants using 
these amines (Bagdasarian et al., 1991). 

A report by the Southwest Institute (SwIU, 1989) and a related article by Lyle (1988) 
point out that the NACE survey includes data from only 16 natural gas treating units out of a 
total of 294 units of all kinds. These references state that a more comprehensive survey was 
made for natural gas treating units, but gave the results of the survey only in brief summary, 
and did not state how many units had been surveyed. Both reports did, however, give 
detailed results of a laboratory study, which concluded that ASCC of carbon steel was inhib- 
ited by the presence of HzS. Also, according to both reports, ASCC in refineries occurs pre- 
dominantly in lean amine solutions; whereas, ASCC cracking in natural gas plants occurs 
primarily in rich amine solutions. 

Corrosion Inhibitors 

Corrosion inhibitors are often classified as cathodic inhibitors, which inhibit reaction 3-2, 
anodic inhibitors, which inhibit reaction 3-1, and oxidizing passivators, which are discussed 
in the next paragraph. Cathodic and anodic inhibitors are often adsorbed on the corroding 
metal, like filming amines, or plated out on it, like arsenic and antimony. They have been 
recommended and patented at various times, but none has had much commercial success in 
amine units (API, 1990). 

Oxidizing passivators are considerably stronger oxidizing agents than hydrogen ion, and they 
operate by shifting the potential of the steel to a more positive value where reactions 3-1 and 3-2 
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do not occur. Instead, an oxidation passivator converts the iron on the surface to the trivalent 
state, i.e., to a form of ferric oxide that is very &rent and protective. This oxide is called the 
passive film. Such inhibitom work well in units removing carbon dioxide only, reducing the cor- 
rosion rate practically to d, and they are the only effective inhibitom for MEA in the absence of 
hydrogen sulfide (API, 1990). Conversely, they are destroyed by hydrogen sulfide. 

While oxidizing passivators work extremely well when they are properly maintained, they 
have several drawbacks. First, regular solution analyses are required. Second, the passivator 
concentration must be maintained within specified limits. Third, they must be protected 
against impurities which destroy them, including hydrogen sulfide and large amounts of iron 
corrosion products, both soluble and insoluble; and fourth, when they fail, they often permit 
local attack, or even aggravate it. Finally, many of them contain toxic heavy metals, which 
makes disposal difficult and expensive. 

Chloride Attack of Stainless Steel in Amine Service 

Impurities such as chloride gradually build up in amine systems until a steady-state con- 
centration is reached. Since most amine systems contain some stainless steel, it is of interest 
to know what chloride levels can cause pitting of stainless steels in an amine environment. 
Limited information is available in the literature. Experiments reported by Seubert and Wal- 
lace (1985) indicate little or no pitting tendencies with 304 SS exposed to DGA solutions 
containing up to 4,000 ppm chloride. Based on these experiments, the maximum acceptable 
chloride level for DGA plants containing type 304 SS was set at 1,000 ppm. 

Halides have also been found to contribute to crevice corrosion and stress corrosion crack- 
ing in stainless steel heat exchanger plates in l d r i c h  amine plant plate exchangers. The 
corrosion occurred under ethylenepropylene-diene monomer (EPDM) rubber gaskets that 
contained significant concentrations of chlorine and bromine left over from the curing 
process. The problem was resolved by replacing the heat exchanger packs with 316 SS plates 
and peroxide-cured EPDM gaskets with a maximum total halogen concentration of 200 ppm 
(Hay et al., 1996). 

Foaming of alkanolamine solutions is probably the most common operating problem in 
amine treating units. It is most frequently encountered in the contactor, but may also occur in 
the stripping column. Foaming may result in excessive amine losses, off-specification prod- 
uct gas, and reduced operating rates, and can also be responsible for the production of off- 
specification, dark sulfur if foam is carried over into the Claus sulfur plant. Lieberman 
(1980), Smith (1979A, B), Bacon (1987), Ballard and von Phul (1991), Manning and 
Thompson (1991), McCullough and Nielsen (1996), Thomason (1985), and BaUard (1966, 
1986A, B) review contaminants that can cause amine solution foaming, and summarize plant 
operating practices and troubleshooting techniques that minimize amine plant foaming prob- 
lems. A summary of amine plant foaming causes, symptoms, and remedies follows. 

Causes of Foaming 
Foaming in an amine unit is caused by solution contaminants since uncontaminated alka- 

nolamine solutions will not form a stable foam. Common solution contaminants known to 
cause foaming are condensed hydrocarbons and acidic amine degradation products formed in 
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the amine circuit. Feed gas sources that can contribute to or cause foaming include coalesced 
lubricating oil aerosols and surface active agents (e.g., water-soluble pipeline corrosion 
inhibitors and many well treatment compounds). Materials introduced into the amine circuit 
during operation and maintenance (such as excessive antifoam agents, phosphoric acid from 
acid-washed activated carbon, chemicals and contaminants in make-up water, and chemicals 
used in the manufacture of cotton filter elements) can also cause foaming (Pauley et al., 1988, 
1989A, B; Pauley, 1991; Bacon, 1987; Ball and Veldman, 1991). Suspended finely-divided 
solids, e.g., iron sulfide or pipeline mill scale, do not cause foaming, but rather tend to stabilize 
foam and further aggravate any tendency to foam (Pauley, 1991). Pauley et al. (1988, 1989A, 
1989B) present experimental data showing that liquid hydrocarbons, low and high molecular 
weight organic acids, and acidic amine degradation products increase both the amine solution 
foaming tendency and foam stability. Specific causes of foaming include the following: 

1. Water-soluble surfactants in the feed gas (e.g., well treating compounds, pipeline corro- 
sion inhibitors) which lower the amine solution surface tension. Excessive antifoam can 
also cause foaming. 

2. Liquid hydrocarbons (e.g., entrained compressor lubricating oil in the feed gas or hydro- 
carbon condensation within the amine absorber). 

3. Particulate contaminants (e.g., mill scale, FeS corrosion products, rust) contained in the 
feed gas or produced within the amine treating unit. Solids such as FeS do not cause foam- 
ing, but concentrate at the liquidgas interface and stabilize the foam by increasing the sur- 
face viscosity and thereby retarding film drainage (Pauley, 1991). 

4. Oxygen contamination of the feed gas or amine unit (usually at the amine sump or amine 
storage tank) and reaction of the amine with oxygen to form carboxylic acids and amine 
heat stable salts. Dissolved iron can catalyze the reaction of amine with oxygen to form 
carboxylic acids (Pauley, 1991). 

5. Feed gas contaminants, such as carboxylic acids, which react with the amine to form heat 
stable salts. 

6. Activated carbon that has been washed with phosphoric acid or that naturally contains 
phosphorus in the form of leachable phosphates (Pauley, 1991; Bourke and Mazzoni, 
1989). 

7. Contamination of the amine unit with greases and oils during a turnaround. 
8. Amine filter elements that have been washed with surfactants or contaminated with oils 

during manufacture (e.g., string wound cartridge filters made with virgin cotton, but con- 
taining cottonseed fragments). 

9. Contaminants in the amine plant make-up water such as boiler feed water treating chemi- 
cals and corrosion inhibitors (Smith, 1979A, B; Ballard, 1986A, B). 

Symptoms and Characteristics of Foaming Systems 
An amine plant subject to foaming will exhibit various characteristics including the fol- 

lowing: 

1. High amine losses and amine carry-over into downstream units 
2. Reduced acid gas removal efficiency and failure. to meet product gas specifications 
3. High or erratic differential pressure measurements across the absorber andor the stripper 
4. An amine solution that is opaque and contaminated with suspended solids 
5. More than 10% of the amine in the form of heat-stable salts 
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6. Failure of an amine solution foaming test. Bacon (1987) recommends that the foam height 
and break time as measured by the standard Dow foam test be less than 200 ml and 5 sec- 
onds, respectively. Smith (1979A, B) describes laboratory and field foaming tests 

7. High operating costs (power, steam, and filtration costs) 
8. Instrument taps plugged with particulates, solids accumulation in the regenerator overhead 

condenser, and reduction in amine filter cycle length (Lieberman, 1980) 

Prevention of Foaming 

Summary of Foam Prevention Techniques 

Foaming can be reduced or controlled by proper care of the amine solution. The following 
techniques reduce amine solution contamination and minimize foaming: 

1. A properly designed feed gas inlet separator and fiiter should be provided. A feed gas 
coalescer should be considered for feed gas streams contaminated with compressor lubri- 
cating oil and other finely dispersed aerosols (Ball and Veldman, 1991; Pauley, 1991). A 
properly sized slug catcher should be provided if slugs can accumulate in the feed gas 
line. 

2. A feed gas water wash should be considered when the feed gas stream is severely conta- 
minated with carboxylic acids or water-soluble, surface-active contaminants (Bacon, 
1987). A feed gas water wash can also remove aerosols and ultra-fine particles (Ball and 
Veldman, 1991). 

3. Mechanical and activated carbon filtration of the amine solution. A 10 micron mechani- 
cal filter on a 10 to 20% amine solution slipstream is usually sufficient; however, it is 
good practice to use the smallest micron rating that has an acceptable run time between 
filter element changes. Usually mechanical and activated carbon filtration of a 10 to 20% 
slipstream is sufficient. However, full stream filtration may be required for Claus plant 
tail gas units and for MDEA and DEA units treating feed gas streams with low H2S/C02 
ratios. 

4. Onsite or offsite amine solution reclaiming to remove heat-stable salts and amine degra- 
dation products. No more than 10% of the amine should be tied up as heat-stable salts 
(Bacon, 1987). 

5. Caustic addition to neutralize heat-stable salts to mitigate corrosion and thereby reduce 
iron sulfide formation (Bacon, 1987). 

6. Temperature difference control of the lean amine solution feed to the absorber to ensure 
that the lean amine is 10 to 15°F warmer than the feed gas. 

7. A properly sized rich amine flash drum to remove entrained and dissolved hydrocarbons. 
8. Liquid hydrocarbon skimming facilities in the absorber sump, the rich amine flash drum, 

the regenerator sump, and the amine regenerator overhead accumulator (Bacon, 1987). 
9. New plants and old plants that have undergone a major turnaround are often contaminat- 

ed with oils, greases, welding fluxes, and corrosion inhibitors. A hot caustic wash (2 to 5 
wt% caustic soda) followed by a hot condensate wash can remove these impurities and 
help prevent foaming. 

10. The minimum contact temperature in the absorber should be greater than 50 to 60°F to 
ensure that high amine solution viscosity does not initiate foaming (Ballad, 1966). 

11. Either batch or continuous antifoam addition (as a last resort). 

A detailed review of foam prevention techniques follows. 
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Control of External Contamination 

Foaming problems can usually be minimized by limiting the access of external contami- 
nants such as compressor lubricating oil, well treating compounds, and pipeline corrosion 
inhibitors to the alkanolamine solution. A combination of a slug catcher, inlet filterhepara- 
tor, and a gas-liquid coalescer installed in series in the feed gas line is the best way to pre- 
vent external contaminants from entering the system with the feed gas and can substantially 
reduce amine filtration costs and improve plant performance. According to Pauley and Perl- 
mutter (1988), conventional inlet separators have difficulty in removing aerosols 3 microns 
or less in diameter, while specialized, high-efficiency gasAiquid coalescers can remove com- 
pressor lubricating oil droplets as small as 0.001 micron (Pauley, 1991). It is claimed that 
removal of these small aerosol particles can, in some cases, substantially reduce foaming 
problems in amine plants. 

Prevention of Hydrocaaon Condensation and Liquid Hydrocarbon Accumulation 

If the feed gas is near its hydrocarbon dewpoint, hydrocarbon condensation inside the con- 
tactor and related foaming can be avoided by keeping the temperature of the lean amine 
solution about 10 to 15°F above that of the gas in the amine contactor. This is usually 
accomplished by using a temperature difference controller to control a bypass around the 
lean amine cooler. 

Amine contactors and regenerators should be supplied with differential pressure indication 
and alarm to provide an early waming of foaming problems. When the differential pressure 
(in feet of water) is 40 to 50% of the height between the instrument taps, the tower is usually 
foaming and amine is being carried over into downstream units (Lieberman, 1980). 

Heavy hydrocarbons in the feed gas to the absorber can be dissolved or entrained in the 
rich amine. In systems with absorber pressures above about 100 psig, it is generally appro- 
priate to use a rich amine flash drum to flash off hydrocarbon gases entrained or dissolved in 
the rich amine solution. See Figure 3-1. Rich amine flash drums are usually equipped with a 
skimming device to remove any liquid hydrocarbons that accumulate. Ball and Veldman 
(1991) recommend that the rich amine flash drum be designed for at least 20 to 30 minutes 
of liquid retention when half full. For refinery applications, where the risk of hydrocarbon 
contamination is high, they recommend that the flash drum operate at as low a pressure as 
possible, i.e., 5 to 10 psig, which would require pumps to transfer the rich amine to the 
regenerator. Manning and Thompson (1991) recommend 10- to 15-minute residence times 
for two-phase separators (gadamine solution) and 20 to 30 minutes for three-phase flash 
tanks (gas/oil/amine solution). Bacon (1987) recommends liquid residence times ranging 
from 5 to 30 minutes depending on the type and degree of mixing between the hydrocarbon 
and amine. Long residence times and low pressure operation are probably appropriate when 
treating gas streams containing heavy hydrocarbons, i.e., many refinery applications. Shorter 
flash drum residence times and higher flash drum operating pressures can be considered 
when the gas being treated is relatively lean as in many plants treating natural gas. 

Removal of Foam-Causing Impurities h m  Solution 

Three techniques are commonly employed to remove impurities from gas treating plant 
amine solutions: Mechanical filtration, activated carbon adsorption, and thermal reclaiming 
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(distillation). Additional, occasionally used solution purification techniques are settling, ion 
exchange, and electrodialysis. 

Fine particles and sludge are removed from amine solutions by settling or filtration. Set- 
tling is quite effective; however, large vessels are required to provide sufficient time for the 
very small particles (usually iron sulfide) occurring in amine solution to separate by gravity. 
Filtration can be very difficult because the iron sulfide, which is formed as a corrosion prod- 
uct or enters the plant with the feed gas, is hard to remove. Designs based on etched disk or 
sintered metal fiber elements have proved effective for large amine flowrates, although they 
are expensive. Simpler, less expensive equipment such as bag and cartridge type filters are 
often used, particularly for the smaller amine flow rates. 

High molecular weight organic molecules, such as some amine degradation products, can 
be removed from amine solutions by adsorption on activated carbon. A properly designed 
activated carbon system should treat a 10 to 20% slip stream of the circulating solution. Hot 
rich amine tends to liberate acid gas in response to the pressure drop across the mechanical 
and activated carbon filters. The liberated gas forms bubbles around the carbon granules and 
pockets of acid gas within the carbon filter that inhibit adsorption from the liquid (Leister, 
1996). Therefore, the preferred location for carbon adsorbers is on the cooled lean amine. 
Activated carbon systems usually include mechanical filters both upstream and downstream 
of the carbon bed. The upstream filter minimizes plugging of the bed by fine phc les ,  and 
the downstream unit catches particles of carbon that may be released from the bed. 

Solution reclaiming by distillation (thermal reclaiming) effectively removes all non- 
volatile species including particulate matter, heat-stable salts, and high molecular weight 
organic compounds. Unfortunately, it is not equally effective for all amines, and is most 
commonly used for MEA and DGA solutions, which can be vaporized at pressures slightly 
above atmospheric without decomposing. Secondary and tertiary amines generally require 
vacuum distillation to avoid serious degradation. Since reclaimers designed to operate under 
vacuum are appreciably more complex, they are seldom incorporated into plant systems. 
When vacuum reclaiming is employed, it is usually performed by an outside contractor. 

Ion exchange and electrodialysis processes have been developed to purify solutions that 
cannot readily be reclaimed by distillation. However, both processes are capable of removing 
only ionized species (such as heat-stable salts) and are ineffective against non-ionized organ- 
ic compounds such as many amine degradation products. Since foaming problems are more 
apt to be caused by organic compounds than by heat-stable salts, ion exchange and electro- 
dialysis are not common remedies for foaming. 

Detailed descriptions of filtration, activated carbon adsorption, thermal reclaiming, ion 
exchange, and electrodialysis processes are given in a subsequent section of this chapter enti- 
tled “Purification of Degraded Solutions.” 

Use of Antifoam Agents 

Foaming can in many cases be controlled by the addition of foam inhibitors (commonly 
called antifoams). The most widely used foam inhibitors are either silicone compounds or 
high-boiling alcohols such as oleyl alcohol or octylphenoxyethanol. The silicones are com- 
mercially available either as water emulsions or in their pure form. In amine systems, sili- 
cones are generally preferable to the high-boiling alcohols. 

Usually antifoams are added batchwise when needed. Ballard (1986A, B) states that typi- 
cal batch dosage levels are in the range of 5 to 20 ppm; whereas, Meusburger and Segebrecht 
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(1980) recommend antifoam batch addition concentrations of 10 to 300 ppm. Manning and 
Thompson (1991) recommend the following antifoams for amine systems: 

Dow Coming DB-100 Antifoam Compound 
Dow Coming DB-3 1 Antifoam Emulsion 
Tretolite VEZ D-83 
Tretolite D-95 . Natco DF-971 
Exxon Corrects-It for chlorides 
Union Carbide SAG Antifoams (GT-101, 102,301, or 302) 

Figure 3-19 shows typical equipment for batch addition of an antifoam agent. Separate 
antifoam injection points should be provided for the amine contactor and for the regenerator. 
The amine regenerator is usually provided with an antifoam pot on the suction of the regen- 
erator reflux pump, while the amine contactor is often protected with an antifoam pot on the 
suction of the lean amine pumps. However, if the carbon filter is downstream of the lean 
amine pumps, it may be necessary to locate the antifoam pot downstream of the carbon filter 
and rely on the amine flow control valve to mix the antifoam with the amine solution. Alter- 
natively, a chemical feed pump can be used to pump the antifoam directly to these locations. 
Although antifoam addition is usually on a batch basis, it may be necessary in some circum- 
stances to add antifoam continuously. 

An antifoam that works well in one plant may be ineffective or even promote foaming in 
another. Also, an antifoam that has worked satisfactorily in the past may gradually lose its 
effectiveness and have to be replaced with another product. When time is available, the suit- 
ability of an antifoam should be tested before it is used. Antifoam test procedures are 
described by Meusberger and Segebrecht (1980), Pauley et al. (1988, 1989A, B), and Smith 

Antif oam Q 

To Top Of ----La- Absorber 
Lean Solution 

Figure 3-19. Pot for batch addition of antifoam agent (MeW@erandSegebrecht, 198g 
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(1979A, B), and are also available from amine vendors. Use of antifoam should not be 
regarded as a permanent solution to plant foaming problems. Once foaming is under control, 
the source of trouble should be investigated and the basic problem corrected. 

Amine Solution Monitoring Program 

Foaming of amine solutions and corrosion of amine units are best controlled by a compre 
hensive amine solution monitoring program. Pauley (1991) suggests that the following 
amine solution tests be performed by an outside laboratory: 

Organic acids (liquid chromatography) 
Heat-stable salts (ion exchange) 
Amine concentration (gas chromatography and alkalinity) 
Soluble metal content (atomic absorption) 
Iron sulfide content 
Liquid hydrocarbon content 
Water content 

Bacon (1987) recommends the following tests: 

Lean and rich amine solution loadings 
Total heat-stable salts-free vs. total amine 
Anion assay-type and amount of anions 
Cation assay-type and amount of cations 
Soluble iron content of solution 
Gas chromatography-compare amine concentration against alkalinity. Identify and quanti- 

Foaming tendency-extent and duration 
fy  degradation products 

While the exact needs will vary from system to system, most plants should run these tests 
about every two to three weeks at a minimum. In addition, tests for determining the lean and 
rich amine loading should be performed on at least a biweekly basis, and the performance of 
the activated carbon filter should be checked periodically (foaming test, turbidity, pressure 
drop, color change across filter). Detailed test procedures are available from amine vendors. 
In addition to these tests, there are a number of observations that can indicate the quality 

of the amine solution. Lieberman (1980) suggests filling a clean glass quart bottle with unfil- 
tered amine solution and observing the solution color and turbidity. According to Lieberman, 
solution quality can be rated as follows: 

1. Amine solution is bright and clear. Amine is in excellent condition. A blue or green tinge 
is of no consequence; however, if the amine looks brownish, air is getting into the system 
and oxidizing the amine. Oxidized amine is corrosive. 

2. Amine solution is a pale, dull gray and objects can be seen through bottle without difficul- 
ty. The amine solution is still in good condition; however, the solution quality should be 
monitored carefully to ensure that the quality does not deteriorate. 

3. Amine solution is translucent black, objects can be barely seen through the bottle, and a 
small amount of sediment can be seen after the solution has been left standing for 10 min- 
utes. Under these circumstances, corrosion is occurring faster than the corrosion products 
can be removed. The source of contamination (feed gas contaminants, high heat-stable 
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salts, inadequate amine solution regeneration, etc.) should be identified and corrective 
actions should be implemented. 

4. Amine solution is opaque black, objects cannot be seen through the bottle, and substantial 
sediment has settled out of the solution after ten minutes. In this case, the amine system is 
probably becoming severely fouled with suspended solids and immediate corrective action 
is required. 

CHEMICAL LOSSES 

Volatility Losses 
Amine volatility losses are usually not significant. DEA, DIPA, DGA, and MDEA all 

have very low vapor pressures at typical amine contactor and regenerator operating condi- 
tions. However, MEA has a substantially higher vapor pressure than other amines, and 
volatility losses in low pressure MEA contactors can be significant. In some cases, a water 
wash is provided for low pressure MEA contactors (See Chapter 2). Figure 3-20 can be used 
to estimate amine volatility losses. 
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Entrainment 

In many cases, the major cause of amine loss is entrainment (Veldman, 1989). Entrain- 
ment losses are caused either by inefficient mist extraction or by foaming and subsequent 
carry-over of solution. This problem can be minimized by the use of efficient mist elimina- 
tion equipment and the application of foam inhibitors. Mist elimination equipment includes 
an efficient treated gas knockout drum downstream of the amine contactor as well as the 
installation of mist elimination equipment (chevron mist eliminators and wire and fiber mesh 
pads) inside the amine contactor or treated gas knockout drum. Pauley (1991) recommends 
fiber mesh pads rather than a wire mesh pad or chevron mist eliminator because fiber mesh 
pads can capture aerosol particles that are less than 3 microns in diameter. Wire and fiber 
mesh pads should, however, be used with caution in amine contactors treating gas streams 
that contain olefins or traces of oxygen because the mesh can gradually plug with elemental 
sulfur or polymers formed by the reaction of olefinic gas molecules with each other or with 
oxygen. In these circumstances, chevron mist eliminators should be considered because they 
are more resistant to plugging. 

Entrainment losses from an amine absorber vary considerably depending on the mechani- 
cal design of both the upper section of the absorber and the mist elimination device. Veld- 
man (1989) states that entrainment in a properly designed absorber should average less than 
0.5 lb amine/hlhlscf of treated gas, but notes that entrainment of well over 3 lb/MMscf is not 
uncommon. Veldman recommends that amine absorbers be designed for 60% or less of 
flooding and that demister pads be installed in properly sized treated gas knockout drums. 
Entrainment losses from an amine regenerator are generally low because the regenerator 
water wash trays limit these losses. In some amine systems LPG liquid-liquid amine treaters 
are the major source of amine entrainment losses. For example, losses of up to 500 ppmw of 
amine in the treated LPG product have been reported (Veldman, 1989). See Chapter 2 for a 
discussion of LPG treater losses and methods to minimize these losses. 

Solution Degradation 

Reaction with Oxygen 

Alkanolamines are subject to degradation by contact with free oxygen. Several mechanisms 
have been identified, the principal ones involving the direct oxidation of the amines to organic 
acids and the indirect reaction of oxygen with HzS to form elemental sulfur, which then reacts 
with the amines to form dithiocarbamates, thiourea, and further decomposition products. A 
third route whereby oxygen can degrade amines is the oxidation of H2S to stronger acid 
anions such as thiosulfate, which ties up amine as a heat stable amine salt (HSAS). 

Monoethanolamine appears to be more vulnerable to oxidation than secondary and tertiary 
amines. Hofmeyer et al. (1956) have shown that MEA is subject to oxidative deamination 
that results in the formation of formic acid, ammonia, substituted amides, and high molecular 
weight polymers. 

The role of oxygen in the formation of carboxylic acids was investigated by Blanc et al. 
(1982A, B). They conducted experiments in which air was bubbled through aqueous amine 
solutions at 194°F (9OOC). After thirty days of operation, the solutions were analyzed and 
found to contain the following acid concentrations: DEA-O.88 formic acid, 0.15% oxalic 
acid, and 0.02% acetic acid; MDEA-O.3% formic acid; MEA-2.8% formic acid (the 
MDEA and MEA apparently were not analyzed for oxalic and acetic acids). 
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Blanc et al. (1982A, B) also determined that thiosulfate is formed by the reaction of HzS 
and Oz in the presence of amine. The experiment was performed with DEA solution in an 
autoclave at 194°F (9OOC). The initial gas phase contained air at a partial pressure of 58 psia 
and HIS at a partial pressure of 29 psia. After one hour the amine solution was found to con- 
tain 1.4 wt% thiosulfate ion. When the same experiment was performed with pure water 
instead of amine solution, only 200 ppm thiosulfate was formed. The same investigators ana- 
lyzed solutions from operating DEA and MDEA plants for evidence of oxidation. They were 
able to identify acetic, propionic, formic, and oxalic acids as well as thiosulfuric acid. The 
concentrations of total amine salts of these acids in solution samples from nine plants ranged 
from 0.24 to 3%. 

Oxygen incursion into the amine unit and degradation of the amine can be minimized by 
blanketing the amine sump and storage tank with nitrogen or fuel gas. It is also good operat- 
ing practice to monitor the oxygen content of certain streams which can be contaminated 
with oxygen (e.g., FCC, Delayed Coker, and Vacuum Column fuel gas streams). 

Irreversible Reaction with CO, 

Most of the commercial amines react in the presence of carbon dioxide to form degrada- 
tion products. The degradation reactions of DEA involving COz are catalyzed by (but do not 
consume) COz; while in other amine-COz degradation reactions, COz is consumed (Kim and 
Sartori, 1984; Kim, 1988). Degradation products can reduce amine solution absorption 
capacity, increase solution viscosity, increase solution foaming tendency, and in some cases 
contribute to amine plant corrosion. 

MEA reacts with COz to form a substituted imidazolidone that later hydrolyzes to produce 
a diamine and release the C02 See equations 3-21 through 3-24. Both the imidazolidone and 
the diamine degradation products can be removed from MEA solutions by thermal reclaim- 
ing (Polderman et al., 1955). COz catalyzes a series of DEA degradation reactions that form 
a variety of degradation products, including high molecular weight polymers (Polderman and 
Steele, 1956; Kim and Sarbri, 1984; Hsu and Kim, 1985). The degradation products of DEA 
and COz are best removed by vacuum distillation. 

Kim (1988) has shown that diisopropanolamine (DIPA) reacts with COz to form an oxa- 
zolidone which, due to steric interference, is the sole degradation product of DIPA and COz. 
Diglycolamine (DGA) reacts with COz to form a urea (Dingman, 1977). The reaction of 
DGA with COz can be reversed by thermal reclaiming. Vacuum distillation is required to 
remove the degradation product of DIPA and COP MDEA, which does not form a carba- 
mate, is not degraded by carbon dioxide (Blanc et al., 1982A, B). Since a new carbon-nitro- 
gen bond appears in all the amine-COZ degradation products, it is likely that carbamate for- 
mation is an essential step in these reactions. Those amines in which carbamate formation is 
inhibited by steric effects are probably resistant to COz degradation. 

The presence of C02-amine degradation products does not, in general, impair the absorp- 
tion characteristics of the free amine contained in the solution as long as the concentration of 
free amine is kept at a constant value. However, as previously noted, accumulation of large 
amounts of amine degradation products results in increased treating solution viscosity and a 
consequent decrease of absorption efficiency. Also, several of the degradation products may 
be corrosive, particularly the polymeric degradation products of DEA, and could contribute 
to the general corrosivity of the solution. 

The amine-COZ degradation reactions are relatively slow, but do occur at a significant rate 
under the conditions prevailing in the regeneration section of a purification plant. According 
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to Meisen and Kennard (1982), the extent of these reactions can be limited by avoiding ele- 
vated temperatures. Reboiler heat flux should be limited, and amine circulation through the 
reboiler should be kept high. Amine regenerator operating temperatures may be limited by 
the need to minimize amine degradation (Polderman and Steele, 1956). Kim and Sartori 
(1984) have also shown that the degradation reactions of DEA depend on the C02 solution 
loading (i.e., the equilibrium COz partial pressure above the rich solution, and the amine 
concentration), but are not affected by the presence of H2S. This suggests that these reactions 
may impose additional limitations on the rich amine solution CO, loading and the amine 
solution concentration for MEA, DGA, DIPA, and DEA. MDEA is not affected by high C02 
loadings because there are no C02-MDEA degradation reactions. 

Irreversible Reaction of Monoethanolamine (MEA) with COP Polderman et al. 
(1955A, B) first investigated the reaction of COz with monoethanolamine to form amine 
degradation products. The reaction mechanism proposed by Polderman et al. (1955A, B) is 
essentially identical to that proposed later by Kim and Sartori (1984) for DEA and by Kim 
(1988) for DIPA. The reactions begin with the formation of the carbamate ion: 

HOCHzCHzNHz + C02 = HOCH2CHzNHCOz- + H+ (3-21) 

Monoethanolamine carbamate then condenses to form oxazolidone-2: 

CH2 - CH2 
I I 

HOCHzCHzNHCO2- = 0 

\ C 7 +OH 
II 
0 

Oxazolidone-2 

(3-22) 

Oxazolidone-2 then reacts with another molecule of monoethanolamine, yielding 1-(2- 
hydroxyethyl)-imidazolidone-2. Although this molecule contains organic nitrogen, it has no 
acid gas absorbing capacity and contributes no basicity to the solution (Polderman et al., 
1955A, B). 

II 
0 

CH2 - CH2 

0 

CH2 - CH2 

(3-23) 
I I I 

NH + HOCHzCHzNHz = HOCH2CH2N 
I 

\ i” + H20 \ /  C C 
II 
0 

1 -( 2-hydroxyethyl)-imidazolidone-2 oxazolidone-2 

The substituted imidazolidone then hydrolyzes to C02 and N-(2-hydroxyethyl)-ethylene- 
diamine, otherwise known as hydroxyethylenediamine or HEED. 
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CH2 - CH2 
I 
NH + H20 = HOCH2CH2NHCH2CH2NH2 + COz (3-24) 

I 
HOCHzCHzN 

\ /  C 

II 
0 

1-(2-hydroxyethyl)-imidazolidone-2 N-(2-hydroxyethyl)-ethylenediamine (HEED) 

The hydrolysis of the substituted imidazolidone to the diamine releases the previously 
reacted COz and restores part of the lost alkalinity and acid gas absorption capacity of the 
solution. However, because the ethylenediamine derivative is a stronger base than 
monoethanolamine, its sulfide and carbonate salts are more difficult to regenerate, and a sig- 
nificant portion of the diamine remains unregenerated. Although there are no published eval- 
uations of the kinetics of these reactions, it appears that high regenerator operating tempera- 
tures, high equilibrium partial pressures of COz, and corresponding high solution loadings 
favor reactions 3-21 and 3-22, which in turn lead to increased HEED formation through 
reactions 3-23 and 3-24. Therefore, these contaminants do not significantly contribute to cor- 
rosion in properly maintained MEA solutions. In most circumstances, the formation of these 
MEA-C02 degradation products is limited and, if formed, they can be easily removed by 
side stream reclaiming (Polderman et al., 1955A, B). 

C02 Catalyzed Degradation of DEA. Polderman and Steele (1956) first determined that 
irreversible reactions of DEA with COz are responsible, in part, for DEA solution degrada- 
tion. While Polderman and Steele identified some of the principal degradation products, Kim 
and Sartori (1984) first determined a reaction mechanism and derived a rate expression for 
the reaction kinetics that is consistent with experimental data. Their work demonstrates that 
COz catalyzes a series of reactions that lead to the degradation of DEA. Kim and Sartori 
(1984) also proposed the existence of high molecular weight polymeric diethanolamine 
degradation products that were later characterized by Hsu and Kim (1985). 

As shown by Kim and Sartori (1984), the irreversible reactions of diethanolamine with 
C02 are analogous to the reactions of monoethanolamine. The degradation reactions are 
probably initiated by the formation of the carbamate ion: 

(HOCH2CHz)zNH + COZ = (HOCH2CH2)2NCOZ- + H+ (3-25) 

Diethanolamine carbamate then condenses to form 3-(2-hydroxyethyl)oxazolidone-2 
(HEO): 

CH2 - CH2 

(3-26) 
I I 

(HOCH2CH2)2 NC02- = HOCH2CH2N 

\ C /" +OH 
It 
0 

3-(2-hydroxyethyl) oxazolidone-2 (HEO) 
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HE0 then reacts with another molecule of diethanolamine to release C02 and form 
N,N,N’-tris(2-hydroxyethyl)ethyldiamine (THEED): 

CH2 - CH2 

+ (HOCH~CHZ)~ NH (3-27) 
I I 

HOCH2CH2N ‘ C /” 
0 

= (HOCH2CH& NCH2CH2NHCH2CH20H + COz 

N, N, N’-tris(2-hydroxyethyl) 
II 

3-(2-hydroxyethyl) oxazolidone-2 (HEO) ethyldiamine (THEED) 

Since the C02 that reacts in reaction 3-25 is released in reaction 3-27 by the formation of 
THEED, there is no net consumption of COP Some of the =ED then slowly condenses 
with itself to form N,N’-bis(2-hydroxyethyl)piperazine (BHEP): 

(HOCH2CH2)2 NCH~CH~NHCHZCH~OH = HOCHzCH2N 7-7 ,N CH2CW:”, 

\ 
CH2 - CH2 

N, N, N’-tris(2-hydroxyethyl) 
ethyldiamine (THEED) N, N’-bis(2-hydroxyethyl)piperazine (BHEP) 

N,N’-bis(2-hydroxyethyl)piperazine (BHEP), which has been identified in commercial 
diethanolamine solutions, is basic and capable of absorbing both H2S and COP Therefore, 
its formation results in only a partial loss of acid gas removing capacity. 

Polderman and Steele (1956) were the first to identify 3-(2-hydroxyethyl)oxazolidone-2 
(HEO) and N,N’-bis(2-hydroxyethyl)piperazine (BHEP). Hakka et al. (1968) first identified 
N,N,N’-tris(2-hydroxyethyl)ethyldiamine (THEED). These degradation products have also 
been identified by Kennard and Meisen (1980, 1983, 1985), Meisen and Kennard (1982), 
Kim and Sartori (1984), and by Blanc et al. (1982A, €3). 

Kim and Sartori (1984) note that HE0 is the initial product of DEA degradation. THEED 
appears after an induction period and gradually becomes the major degradation product. The 
THEED concentration builds up to a maximum and then declines with time. BHEP forms 
after a long induction period. See Figure 3-21 for details. 

Material balances by Kim and Sartori (1984) indicated that a fourth degradation product, 
presumably a polymeric material, which was not detectable by gas chromatography, began 
to form about the same time as BHEP. These observations led Kim and Sartori to suggest 
that DEA degrades sequentially to HEO, THEED, BHEP, and finally to polymeric degrada- 
tion products. These polymeric degradation products were identified in further studies by 
Hsu and Kim (1985). 

Additional tests by Kim and Sartori (1984) demonstrated that these C02-DEA degrada- 
tion reactions were independent of the H2S concentration and were not initiated by thermal 
degradation of the amine at the temperatures of the experiment (120°C). They also estab- 
lished that the reaction kinetics were consistent with equations 3-25 through 3-28. Kim and 
Sartori also showed that the DEA degradation rate was roughly proportional to the C02 par- 



Mechanical Design and Operation of Alkanolamine Plants 237 

Figure 3-21. Rates and products of DEA degradation at 120°C. (Kim and Sartofi, 1984) 

tial pressure. Since there was no net consumption of COz, and since the presence of C02 was 
required for the reactions to take place at the conditions of the experiment ( 120°C), Kim and 
Sartori characterized COz as a catalyst in DEA degradation reactions. 

There are inconsistencies in the literature regarding the impact of DEA-C02 degradation 
products on amine plant corrosion. Blanc et al. (1982A, B) state that DEA-C02 degradation 
products do not contribute to amine plant corrosion. However, Chakma and Meisen (1986) 
demonstrate that DEA solutions contaminated with specific DEA-C02 degradation products 
are indeed corrosive, and cite the results of other investigators who con- their results. 
What distinguishes these two investigations is that the corrosion experiments of Blanc et al. 
were performed in an HzS atmosphere; whereas the experiments of Chakma and Meisen 
were performed in a COz environment. Both investigators used synthetic solutions and, as 
noted by Chakma and Meisen (1986), the synthetic solutions of Blanc et al. (1982A, B) did 
not contain several of the major DEA degradation products. While the exclusion of major 
degradation products may have affected the results of Blanc et al., it is likely that the use of a 
C 0 2  versus an H2S environment also influenced the conclusions of Blanc et al. The tests of 
Chakma and Meisen may underestimate the corrosivity of degraded DEA solutions as the 
synthetic solutions used in their experiments did not contain the polymeric degradation prod- 
ucts that have been identified by Hsu and Kim (1985). It is likely that these polymeric degra- 
dation products are excellent complexing agents for both ferrous ions, which are moderately 
insoluble in gas treating solutions, and for ferric ions, which are otherwise very insoluble in 
alkaline solutions. In fact, some degraded DEA solutions can dissolve up to 0.6 wt% ferric 
ion (McCullough, 1994). This suggests that degraded DEA solutions can dissolve passive 
ferric oxide films and, therefore, contribute to amine plant corrosion. 
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Meisen and Kennard (1982) suggest that the most important measures to control DEA 
degradation are to keep reboiler and heat exchanger temperatures at the lowest practical lev- 
els, to maximize circulation through the reboiler, and to operate with relatively low DEA 
concentrations. Furthermore, they found in laboratory experiments that filtration through 
activated charcoal did not remove degradation products of DEA and COP This observation 
is contrary to the experience of other investigators, notably that reported by Perry. However, 
Perry (1974) did not distinguish COz-amine degradation products from other solution conta- 
minants and degradation products. 

Polderman and Steele (1956) and Polderman et al. (1955A, B) report that under certain 
conditions, the degradation of diethanolamine by COz is significantly faster than that of 
monoethanolamine. For example, when an aqueous solution containing 20 wt% of either 
amine saturated with COz was heated for 8 hours at a pressure of 250 psig and 259"F, 22% 
of the diethanolamine was converted, while practically no conversion of monoethanolamine 
was observed. In actual plant operation, lower rates of diethanolamine conversion have been 
observed compared to monoethanolamine. This seeming inconsistency with the reported lab- 
oratory results may be explained by the fact that the vapor-liquid equilibrium relationships of 
the systems, monoethanolamine-COz and diethanolamine-COz, are such that in the reboiler 
(the point of highest temperature) of a plant using diethanolamine, the solution is essentially 
free of COz. On the other hand, appreciable amounts of COz are left in monoethanolamine 
solutions at the same point of the plant. 

Irreversible Reaction of Diisopropanolamine (DIPA) with C02 Kim (1988) demon- 
strated that the sole degradation product of DIPA and COz is 3-(2-hydroxypropyl)-5-methyl- 
2-oxazolidone (HPMO) according to the following reaction, where diisopropanolamine car- 
bamate condenses to form HPMO: 

OOH OH 
I I 

(CH~CHCHZ)~ NC02- = CH3CHCH2- N-CH2 + O H  
/ \ 

(3-29) 

diisopropanolamine 
carbamate (DIPA) 

3-(2-hydroxypropyl)-5-methyl-2-oxazolidone (HPMO) 

DIPA does not undergo further reaction to form polymeric degradation products as does 
DEA. Kim (1988) attributes the inhibition of these further reactions to the steric hindrance of 
the reaction of HPMO with DIPA. Although the degradation reactions of DIPA are limited 
to HPMO, DIPA degrades severely in the presence of COz. According to Butwell et al. 
(1982), operating plant DIPA solutions have HPMO concentrations up to 20%, and continu- 
ous reclaiming is required in COz removal service. Since HPMO has no acid gas removal 
capacity, COz degradation represents a serious loss of treating capacity. 

Degradation of Methyldiethanolamine (MDEA) by COP Blanc et al. (1982A, B) state 
that there are no MDEA-COz degradation products. Since MDEA is a tertiary amine, it can- 
not form a carbamate ion and this may be the reason that it is not degraded by carbon dioxide. 

Diglycolamine Reaction with COP Diglycolamine (DGA) reacts with COz to form a 
urea, N,N'-bis(hydroxyethoxyethy1) urea (BHEEU) (Kenney et al., 1994; Dingman, 1968; 
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1977). BHEEU has no acid gas removal properties; therefore, it reduces the solution treating 
capacity (Butwell et al., 1982). However, the presence of BHEEU does not, in general, 
impair the performance of DGA solutions as long as the BHEEU concentration is not 
allowed to increase to levels that affect the solution viscosity. Urea formation is probably 
due to the reaction of C02 with Diglycolamine to form a carbamate and the subsequent reac- 
tion of Diglycolamine carbamate with another Diglycolamine molecule to form BHEEU. See 
reactions 3-30 and 3-31. Note that in these reactions R denotes HOCH2CH20CH2CH,-: 

RNH, + C02 = RNHCOZ- + H+ (3-30) 

H O H  
I II 1 

RNHCOl+  RNHz = R-N-C-N-R + OH (3-3 1) 

N,N'bis(hydroxyethoxyethyl) urea (BHEEU) 

BHEEU formation is reversible at the temperatures used in a reclaimer, so that nearly all of 
the BHEiEU is recoverable as DGA (Kenney et al., 1994; Dingman, 1977). 

ImvemWe Reactions with COS and &S2 

The reaction of  carbonyl sulfide with alkanolamines, as applicable to gas-purification 
operations, has been studied by Pearce et al. (1961), Berlie et al. (1963, and Orbach and Sel- 
leck (1996). Pearce et al. found that the reactions between carbonyl sulfide and 
monoethanolamine are essentially analogous to those of C02 with monoethanolamine as 
shown in equations 3-21 through 3-23 except that they take place readily at ambient tempera- 
tures. In addition to oxazolidone and imidazolidone, the presence of N,N'-bis(hydroxyethy1) 
urea was reported. Orbach and Selleck conducted experiments in a continuous bench scale 
pilot plant simulating an absorption-regeneration cycle. When contacting essentially pure 
carbonyl sulfide with a 20 wt% monoethanolamine solution, they found rapid disappearance 
of alkalinity. A compound identified as 2-oxazolidone was isolated from the solution. The 
same experiment conducted with a 35 wt% diethanolamine solution indicated no loss of 
alkalinity with time, and no degradation product could be found in the solution. The results 
from this study are shown graphically in Figure 3-22. These data are in agreement with the 
finding of Pearce et al., who also report essentially no degradation of diethanolamine by car- 
bonyl sulfide, both in laboratory experiments and in field tests. 

In commercial plants all of the carbonyl sulfide present in the feed gas does not react with 
monoethanolamine. Pearce et al. (1961) and Berlie et al. (1965) report that the major portion 
of the COS undergoes hydrolysis, forming H2S and Cot  and only about 15 to 20% of the 
COS reacts irreversibly with the monethanolamine. The addition of strong alkalis, such as 
sodium carbonate or sodium hydroxide, to monoethanolamine solutions reduces losses due 
to reaction with COS substantially, probably by increasing the rate of COS hydrolysis 
(Pearce et al., 1961). Although monoethanolamine losses can be reduced by this method, use 
of diethanolamine is preferred if the gas to be treated contains appreciable amounts of COS. 

According to Butwell et al. (1982), only about 2% of the COS in the feed gas to a typical 
DEA plant reacts irreversibly with the amine, while overall COS removal efficiencies of 70 
to 80% are attainable, primarily by hydrolysis. DIPA is reported to react with COS even 
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Figure 3-22. Effect of COS on mono- and diethanolamine. Data of Orbach and Selleck 
(19%'). Courtesy of Fluor Daniel 

more slowly than DEA (Danckwerts and Sharma, 1966). Aqueous DIPA plants are therefore 
considered suitable for treating gases containing COS. 

DGA is a primary amine, and, like MEA, reacts rapidly with COS. However, the main 
reaction product can be regenerated under the conditions attained in a DGA solution 
reclaimer. As a result, DGA can be used to treat gases containing COS with only minor net 
amine loss. Since DGA plants can be operated with a high contactor temperature, which 
enhances COS hydrolysis, the overall COS removal can be quite high. Huval and van de 
Venne (1981) report COS removal efficiencies of 90% for DGA plants operating in Saudi 
Arabia. The kinetics of the COS-DGA reaction have been examined by Singh and Bullin 
(1988). The main product of the COS-DGA reaction is N,N'-bis(hydroxyethy1) urea 
(BHEEU), although some thiourea is also formed (Kenney et al., 1994). 
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Rahman et al. (1989) examined the reactions of COS with several amines. The protonated 
amine thiocarbamate was found in the reaction products of COS with MEA, DEA, and DGA. It 
was not found with DIPA, but this was attributed to a very slow rate for the COS-DIPA reaction. 
No evidence of reaction was found with the tertiary amines MDEA and dimethyethanolamine 
(DMEA), and it is generally assumed that tertiary amines do not react irreversibly with COS. 

Carbon disulfide reacts with primary and secondary amines, first forming substituted 
dithiocarbamates and, subsequently, thiocarbamides (thioureas): 

S 
II 

2(HOCHzCH2)NH + CS2 = (HOCH2CH2)z NCSH2N(CH2CH20H)2 (3-32) 

diethanolamine diethanolammonium N,N-bis- 
(2-hydroxyethy1)dithiocarbamate 

S S 
II II 

(HOCHzCH2)z NCSH~N(CH~CH~OH)Z = (HOCH&!H2)2NCN(CH2CH,OH)2 + H2S 

diethanolammonium N,N-bis- N,N,N',N'-tetrakis(2-hydroxyethyl)- (3-33) 
(2-hydroxyethy1)dithiocarbamate thiocarbamide 

A laboratory study of the reactions of carbon disulfide with monoethanolamine, 
diethanolamine, and diisopropanolamine has been reported by Osenton and Knight (1970). 
The results of this study indicate that all three amines form dithiocarbamic acid salts quite 
rapidly. While the salts formed from diethanolamine and diisopropanolamine appear to be 
thermally stable, the monoethanolamine salt is less stable and forms one mole of oxazoli- 
done 2-thione for each mole of monoethanolamine. The end product of the CS2-DGA reac- 
tion is reported to be bis(hydroxyethoxyethy1)thiourea (Kenney et ai., 1994). 

The MEA plant tests reported by Pearce et al. (1961) showed that, under the operating 
conditions investigated, more than half of the carbon disulfide was released as COS in the 
solution stripper, with the balance being hydrolyzed to H2S and COz. This would indicate 
that the rate of reaction of monoethanolamine with carbon disulfide is slow and that amine 
losses resulting from this reaction are not serious. 

Tertiary amines do not react with carbon disulfide. 

Reactions with Other Gas Impurities 

The irreversible reactions of amines with 02, C02, COS, and CS2 are discussed in the pre- 
ceding sections. The principal other potentially reactive gas phase impurities which may 
enter the absorber are organic acids (such as formic or acetic acids), HCl, HCN, SOz, NH3, 
and mercaptans. All of the acidic compounds form salts with the alkaline amines. If the 
acids are stronger than C02 and H2S, their amine salts are not efficiently decomposed under 
the stripping conditions (which are designed to decompose the amine-COz and amine-H2S 
salts), and they build up in the solution as heat-stable amine salts (HSAS). This, of course, 
lowers the capacity of the solution for C02 and H2S, and can lead to other operational diffi- 
culties such as corrosion and foaming. Caustic soda or soda ash is often added to the solu- 
tion to tie up the acids as sodium salts and release the amine; however, sodium salt build up 
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is also undesirable, and an upper limit of 10 wt% is commonly set. Techniques for removing 
sodium salts from amine solutions are discussed in the next section. 

Hydrogen cyanide, HCN, is also an acid, and as such, is absorbed in the alkaline amine 
solution. Unlike most other acids, however, it is weaker than CO,, and is usually released 
from the amine solution in the stripper without degrading the amine. However, if both H2S 
and oxygen are present, the HCN can react to form thiocyanate, which is the anion of a 
strong acid and forms a heat-stable salt. 

Sulfw dioxide is a relatively strong acid and reacts rapidly with amines to form sulfite. 
However, the sulfite does not generally remain in solution as a heat-stable salt because of its 
high reactivity. For example, SO2 in solution reacts rapidly with H2S by the Claus reaction 
(which is catalyzed by liquid water) to form elemental sulfur and polysulfides. Zero valent 
sulfur can, in turn, disproportionate to form thiosulfate, which is a heat-stable anion. The sul- 
fite may also be oxidized to sulfate which forms a heat-stable amine salt. 

Ammonia is a common impurity in gases derived from coal. It is not an acid, but is readily 
absorbed by amine solutions because of its extremely high solubility in water. It does not 
react chemically with any of the amines, and is generally expelled in the stripper. However, 
its presence can cause operating problems such as corrosion in the stripper overhead system 
(see prior section on wet acid gas corrosion). 

Mercaptans are related to H2S. They are slightly acidic and are, therefore, absorbed to 
some extent by the alkaline amine solutions. Rahman et al. (1989) looked for possible irre- 
versible reactions between mercaptans and MEA, DEA, DIPA, and MDEA and found none. 

PURIFICATION OF DEGRADED SOLUTIONS 

As previously discussed, amine solutions are degraded by reaction with CO,, oxygen, 
organic sulfur compounds, and other gas impurities to form heat-stable salts and amine 
degradation products. These contaminants cause corrosion and lower the treating capacity of 
the amine solution. In commercial plant operations, the concentration of amine decomposi- 
tion products should not be allowed to exceed about 10% of the active amine concentration. 
Once amine contamination has reached this level, contaminants should be removed by solu- 
tion purging, solution change-out, or amine solution purification. 

The operation of sidestream purification units makes it possible to maintain a constant con- 
centration of active amine in the treating solution and prevent the accumulation of undesirable 
degradation products. Techniques used to purify amine solutions include distillation under vac- 
uum or low pressure (thermal reclaiming), ion exchange, electrodialysis, and adsorption. Ther- 
mal reclaiming is the most commonly used process; however, both ion exchange and electro- 
dialysis have become more common in recent years. Mechanical filtration and adsorption using 
activated carbon are very useful to control foaming; however, their application for solution 
purification is generally limited to the removal of solid particles (by filtration) and the removal 
of high-boiling or surface active organic compounds (by adsorption). 

Table 3-6 provides a generalized comparison of mechanical filtration, activated carbon 
adsorption, thermal reclaiming, ion exchange, and electrodialysis for purifying amine solutions. 

Amine Solution Mechanical Filtration 

Suspended solids and surface-active contaminants can be removed from the treating solu- 
tion by continuous mechanical and activated carbon fitration of a side stream. For large sys- 
tems, Ball and Veldman (1991) recommend continuous filtration of a minimum of 10 to 15% 



Table 3-6 
Comparison of Amine Solution Purlfication Techniques 

Distillation 
Mechanical (thermal 
Filtration Activated Carbon reclaiming) Ion Exchange Electrodialysis 

Removal of particles and Removal of high mol. wt. Removal of all solids and Removal of ionized Removal of ionized 
sludge and polar organics nonvolatile species impuntie$ impurities Application 

Operating principle 

Limitations 

Waste products 

Volume of wastes 
Amine recovery 

Amine feed 
requirements 

S p i d  
requirements 

Filtration Adsorption (usually with 
filtration) 

Removes only paaiculate Does not remove HSAS 
matter 

Filter sludge, filter bags, Spent carbon and filter 
and cartridges waste products 
(hazardous) (hazardous) 

LOW 

High 

None (lean) 

LOW 

High 

Prefiltered lean 

None None 

Vaporization of volatile Ions am captured by ion 
species (amine, water, exchange resin 
etc.) 

Energy intensiye. Some 
amines requlre 
vacuum 

Reclaimer bottoms, con- 
taining salts, non- 
volatile qrganics and 
some amine 
(hazardous) 

LOW 

Moderate (about 85-9591 

HSAS neutralized 

Fuel gas or high temp. 
heat source 

Operating mode Semi-continuous; period- Semi-continuous; period- Batch or on-line; mobile 
ic clean-out required ic carbon replacement units available 

required 

Does not remove nonion- 
ic species. Best for 
low salt conc. 

Dilute aqueous stream 
containing removed 
ions plus excess regen- 
eration and rinse water 

High 

Ions are moved by elec- 
tricity from amine to 
waste soh. 

Does not remove 
nonionic species. 
Best for moderate 
to high salt concs. 

Brine containing 
removed ions 

- 
High (about 99%) Moderate 

High (about 98%) 
Cool, lean, hydrocarbon 

Cool, lean, hydrocarbon 
and particulate free 

and particulate free; 
HSAS neutralized 

Regeneration chemicals 
I 

D.C. power supply 

on-line, mobile units Continuous on-line, 
available or batch, mobile units 

Semi-continuous, batch or 

a v ai 1 ab 1 e 
~~ 

Note: HSAS = Heat-stable amine salts. 
Source: Data on Ion Exchange, DistiIlution, and Electmdiulysis from Burns and Gregory (1995) 



244 Gas Purification 

of the circulating solution. Most mechanical amine filters and the downstream activated car- 
bon filter are located downstream of the lean amine pump and lean amine cooler. Usually a 
10 to 20% slipstream of lean amine is filtered. See Figure 3-1. Filtering the cold, lean solu- 
tion is preferred because, if the feed gas contains HzS, filter maintenance is safer at this loca- 
tion because H2S is not present in lethal concentrations. Also, the activated carbon filter is 
more effective on the lean side because contaminants are less soluble and more surface- 
active at lower temperatures (Pauley, 1991; Bacon, 1987). 

However, in systems using DEA, MDEA, or MDEA mixtures to treat gases with low 
H2S/CO2 ratios, the most effective location for both the mechanical and activated carbon fil- 
ter may be downstream of the rich amine flash tank and upstream of the ledrich exchanger 
(Smith and Younger, 1972; Perry, 1974). With MDEA and DEA, amine degradation prod- 
ucts cannot be removed by online slipstream reclaiming, and polymeric amine degradation 
products, which can chelate iron molecules, can build up in the amine solution. These amine 
degradation products can dissolve the protective iron sulfide film to form iron chelates which 
can, in turn, react with HzS in the feed gas to form insoluble iron sulfide particles in the 
amine contactor. For MDEA and DEA solutions or mixed solutions containing MDEA and 
another amine, this can lead to plugging of the amine contactor and regenerator trays and 
other piping and equipment in contact with the rich amine solution (Smith and Younger, 
1972; Perry, 1974). Placing the mechanical filter on the rich amine side minimizes plugging 
of the ledrich exchanger and amine regenerator with iron sulfide particles. 

Several types of mechanical filters have been used to remove solids and viscous liquids 
from alkanolamine solutions. These include string-wound cartridge, cotton sock, molded cel- 
lulose, pressed cloth, proprietary cartridge, bag, stacked paper, pcoa t ,  etched disk, and sin- 
tered metal fiber filters. Guidelines for selecting filters are provided by Ballard and von Phul 
(1991), Fabio (1992), and Pauley (1991). Mechanical filters are generally divided into two 
types: surface or depth type filters. Surface filters collect the particulate contaminants on the 
surface of the filter media. Depth filters trap particles inside their structure. Depth filters are 
usually used in relatively dirty services such as amine filtration as they have more dirt hold- 
ing capacity than surface filters. Since depth filters trap suspended solids within the filter 
pure structure, they usually cannot be reused and must be disposed of when they are spent. 
Depth filters are either flexible (e.g., string-wound cartridges which deform as the differen- 
tial pressure increases) or rigid (e.g., proprietary polypropylene cartridge filters). Rigid-depth 
filters have either a uniformly sized or a graded structure. The openings in graded structure 
depth filters become progressively smaller; whereas, depth filters with a uniformly sized 
structure have the same size openings throughout the filter media matrix (Ballard and von 
Phul, 1991). In amine service, depth filters with a graded structure usually have greater dirt 
holding capacity at a given micron rating than depth filters with a uniform structure. 

Filter performance is usually quoted in terms of either a “nominal” or an “absolute” rating, 
e.g., 5 microns absolute or 5 microns nominal. Nominal ratings are assigned by the manufac- 
turer and are not necessarily indicative of performance unless the manufacturer provides the 
removal efficiency in addition to the micron rating. For example, a filter with a nominal rating 
of 5 microns may capture only 30% of the particles that size, while another filter with a nomi- 
nal 5 micron rating may capture 90%. Therefore, nominal ratings that do not include capture 
efficiency do not permit the comparison of one filter with another. Some filters have an 
absolute rating. An absolute rating is the diameter of the largest hard spherical particle that 
will pass through the filter. Most commercial amine filters do not have an absolute rating and 
even those filters that have an “absolute” or a “nominal” rating are not tested with an industry 
standard test. Given this lack of standardization and the variety of filter designs that are avail- 
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able, it is difficult to compare and select filters for amine service. However, most filters used 
in amine service have a nominal or absolute rating between 5 and 10 mimns. Also, mechani- 
cal filtration of a 10 to 20% amhe solution slipstream is usually provided both upstream and 
downstream of an activated carbon filter. The large mechanical filter upstream of the activat- 
ed carbon filter is usually designed to remove smaller particles (e.g., 5 micron), and the small- 
er downstream filter is rated for larger particles, (e.g., 10 micron) (Calgon, 1986; Keaton and 
Bourke, 1983). Rating the downstream filter for a larger particle size ensures that particles 
bypassing the upstream filter will not plug the smaller downstream filter. 

When the lack of an industry-wide filtration standard is coupled with a tendency to pur- 
chase filters on the basis of price, it is not surprising that there is a general tendency to 
undersize amine filters (Ballard and von Phul, 1991). A severely undersized filter that 
requires frequent filter element change out can seriously impact operator acceptance and lead 
to long-term operability and maintenance problems. Therefore, the designer is urged to size 
amine filters conservatively, as a filter that is too large is far superior to one that is too small. 
Table 3-7 summarizes recommendations from various sources. The relative merits of vari- 
ous filter selections follow. 

String- Wound Cotton Catiridge Filters 

String-wound cotton cartridge filters are probably the most common filter used for amine 
solution filtration since they have lowest replacement cost. However, string-wound cotton 
cartridge filter changeouts may require considerable operating labor when these filters are 

Table 3-7 
Amine Mechanical Filter Sizing Criteria from Various Sources for Several Filter Types 

Rating, Slipstream Max. Flux FilterLife, 
Filter Type micron(4) YO AP,psi gpdft2(1) months Source I 

String-wound cotton 
String-wound cotton 
String-wound 

polypropylene 
b o a t ,  pressure 

leaf type 
Precoat, vertical 

tubular 
Sintered metal fiber 
Etched disk 

- 17% - 0.65 0.25-2.0 Scheinnan, 1973A 
- - - 1 -3 - Fabio, 1992 

5pN 5-100 30 1-3 - Clark, 1996 

<1pN 12% - ~ 1 . 0  0.25-0.50 Scheirman, 1973A 

<1pN - - 4.0 0.5-1.0 Scheirman, 1973A 
lop4 10-15 30 4.2 2-8 hrs (3) Clark, 1996 
lop4 8-16 30 4.2 (2) 2-8 hrs (3) Farrell, 1990; 

Clark, 1996 
Notes: 
I .  Based on external surface. 
2. Each element has 63.2 of external surface. There are a maximum of 7 elements (42ft2) per housing. Each 

3. Typical time beiween automatic backwash cycles. 
4. ‘*A*’ denotes absolute rating. “ N  denotes nominal rating. 

housing typically filters I75 gum (4.2 x 42). 
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used in amine systems with a circulation rate greater than 500 gpm. String-wound cotton car- 
tridge filters also tend to deform when subjected to pressure and heat differentials and unload 
fines back into the amine solution. String-wound cotton cartridge filters made from recycled 
material should be avoided because they may contain oils and surfactants which can cause 
foaming (Pauley, 199 1 ; Bacon, 1987). According to Table 3-7, conservative design would 
indicate that string-wound cotton cartridge filters with a nominal 5 to 10 micron rating be 
sized on the basis of 1 to 2 gpm/ft2 of external surface. String-wound cotton cartridges used 
for amine service should be made from virgin cotton, be surfactant free, and contain no 
residual cottonseed particles. 

Proprietary Cartridge Filters 

Major filter vendors supply proprietary filter cartridges that are specifically designed for 
amine service. These filters are dimensionally stable under increasing differential pressure 
because they are made from extrudable polymers such as polypropylene. Proprietary car- 
tridge filters often have an “absolute” rating because the thickness of the polymer can be 
carefully controlled, and they usually have higher capacities (in terms of gpm/ft2 of external 
surface) than string-wound cartridge filters. Proprietary filter cartridges are usually made of 
specially engineered materials and often incorporate unique design features to increase dirt 
holding capacity and throughput. For example, the radial pleated cartridge filter depicted in 
Figure 3-23 has a distinctive pleated design which provides 33 ft2 of filter surface for every 
ft’ of cartridge external surface. Due to these special design features, it is virtually impossi- 
ble to compare one proprietary filter cartridge to another without plant test or operating data. 

Pauley (1991) and Pauley et al. (1988, 1989A, B) review the merits of proprietary car- 
tridge filters. Suggestions for specifying, selecting, operating, and maintaining cartridge fil- 
ters intended for amine service are found in papers by Ballard and von Phul (1991) and Bat- 
lard ( I  986A2, B). Factors that should be considered in selecting an amine filter include 

Figure 3-23. Proprietary meltblown polypropylene microfiber filter cartridge for amine 
service. Radial pleated design provides 33 ft2 of filter surface per ft2 of external 
cartridge surface. Courtesy 3M Filter Products 
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chemical resistance, dirt holding capacity, the optimum flow rate through the cartridge, the 
maximum allowable operating temperature, and the maximum allowable pressure differen- 
tial before changeout is required. 

Precoat Filters 

Precoat filters in amine filtration service use a diatomaceous earth or perlite filteraid pre- 
coat (typically about 10 pounds of filteraid per 100 square feet of filter surface area) and a 
body feed of 1 pound of filteraid per pound of solids removed. They usually filter a 10% 
slipstream, and depending on the type of filter aid, can remove particles as small as 1 
micron. Precoat filters were widely used in large amine systems (greater than 1000 gpm cir- 
culation) in the 1970s. However, precoat filters require significant operator attention, and 
amine losses can be substantial unless they are carefully operated. For these reasons, precoat 
filters are no longer widely used for amine filtration. 

Two types of precoat filters (tubular and filter lea0 have been used for amine filtration. Typ- 
ical sizing criteria and performance data are summarized in Table 3-7. A review of experience 
with several precoat filters in DEA plants located in Canada and the United States has been 
presented by Scheirman (1973A, B). Combined use of filter aid and activated carbon in a pre- 
coat filter of the pressure leaf type has been reported by Dailey (1970). Such a system removes 
suspended solids and undesirable dissolved compounds in one operation. However, Smith and 
Younger (1972) report that precoat filters using both activated carbon and filteraid are not as 
effective as a precoat filter combined with a dedicated activated carbon filter. 

Bag Filters 

Fabio (1992) discusses some of the advantages of bag filters for amine mechanical filtra- 
tion. Figure 3-24 depicts a proprietary bag filter. This filter has 35 separate filtration layers 

Figure 3-24. Proprietary polypropylene bag filter for amine service. Each bag has 
multiple layers with internal bypasses which provide 32 ft2 of filtration surface per bag. 
Courtesy 3M Filter Products 
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separated by internal bypasses which let unfiltered amine solution flow to the next layer. It is 
claimed that the multiple layers of filtration media provide 15 times more capacity than a 
string-wound cartridge and more than 7 times the capacity of a conventional bag filter 
(Anon., 1989). Since one bag filter is equivalent to 15 string-wound cartridge filters, consid- 
erable operating labor savings can be achieved during a filter element changeout. Ease of 
replacement can enhance operator acceptance, and disposal costs are also often less for bag 
filters due to their comparatively smaller volume. 

Etched Disk and Sintered Metal Fiber Filters 

Either cartridge or bag filters are usually acceptable for small to medium amine systems; 
however, larger systems (1,000 gpm or greater amine circulation or more than about 100 
LT/day of sulfur production) may require considerable operating labor per filter element 
changeout. Operator acceptance of cartridges and bag filters in these larger systems is also 
often problematic. For these reasons, some operators of large systems have installed etched 
disk or sintered metal fiber filters. Figure 3-25 depicts a fully automated etched disk filter in 
a large Canadian gas plant. This 350 gpm filter consists of two parallel filter housings each 
containing seven 25-gpm, 10-micron, etched disk elements. These totally automated systems 
require little or no operator attention. 

Figure 3-25.350-gpm automated Vacco Etched Disc amine filter in a Canadian gas 
processing plant. Two 175-gpm filter housings (7 elements per housing) are located on 
either side of the control panel. A solution decant tank is to concentrate filtered 
particulates located on the right. Courtesy PTl Technologies, Newbury Park, CA 
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Etched disk filter elements in amine service are usually rated for 10 microns absolute. 
Each 10 micron rated element has 6 ft2 of external surface and, in amine service, fluxes 
range from 0.5 to 5 gpm/ft2 depending on the amine solution particulate loading and size 
(Farrell, 1990; Clark, 1996). A typical flux is 4.2 gpm/ft2 or 25 gpm of amine solution per 
element (Clark, 1996). An etched disk filter housing can contain as many as seven elements 
and can normally filter 175 gpm of amine solution. An etched disk filter element is depicted 
in Figure 3-26a. Amine solution flows through the elements, and particles collect on the ele- 

Figure 3-26a. Vacco Etched Disc element. Courtesy Pn Techno/ogies, Newbury Pa& CA 

ment surface. The etched disk filter elements also trap a substantial fraction of smaller parti- 
cles in the cake that forms on the element’s outer surface. As the thickness of the particulate 
cake increases, the differential pressure across the filter rises. When the differential pressure 
reaches 30 psi, the filter is automatically backflushed. First, the amine is forced out of the 
filter housing by a water flush which reduces amine losses in the backflush cycle. After the 
water flush, the system is then automatically backflushed with high pressure (150 to 350 
psig) nitrogen, steam, or preferably fuel gas. Sludge is collected in a decanter and removed 
periodically with a vacuum truck. The decanting drum minimizes amine losses by separating 
recoverable amine from the sludge particles. See Figure 3-25. Since particulates are collect- 
ed on the surface of the element, the elements are relatively immune to plugging and have a 
40-year design life. With element life this long, etched disk filters can be installed in rich 
amine service with minimal risk of operator exposure to lethal concentrations of H2S. An 
etched disk filter for amine service (known as the Vacco Etched Disc filter) is manufactured 
by PTI Technologies, Inc. of Newbury Park, CA. 

Sintered metal fiber filters are virtually identical in design and operation to etched disk fil- 
ters. See Figure 3-25 and the previous discussion. Sintered metal fiber filter elements con- 
sist of layers of metal fibers which have been mechanically compressed and then sintered 
together. Typical sintered metal fiber element life in amine service is 18 months (Clark, 
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1996). The shorter life of sintered fiber elements in comparison to the etched disk element is 
compensated for by a significantly lower cost per element. Sintered metal fiber elements in 
amine service are typically rated at 10 microns absolute (Clark, 1996). Since these systems 
are completely automated, operator acceptance problems are avoided. A sintered metal fiber 
element housing for amine filtration service is depicted in Figure 3-26b. F'TI Technologies 
of Newbury Park, CA, manufactures sintered metal fiber filters for amine service, while Pall 
Well Technologies, Inc. of East Hills, NY, makes similar automatic sintered metal powder 
and sintered metal fiber filters for amine service. Pall also markets an automatic backflush 
amine filter which uses non-metallic filter elements (Cathcart, 1996). 

Activated Carbon Filtration 

When foaming is caused by surface-active contaminants or dissolved or emulsified high 
molecular weight organic compounds, these agents may be eliminated by passage of the 

a 

Figure 3-2613. Sintered metal fiber elements for amine filtration. Courtesy PTI 
Technologies, Newbury Park, CA 
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solution through a bed of activated carbon as described by Fife (1932). Not all activated car- 
bons are suitable for amine filtration. Bourke and Mazzoni (1989) recommend the use of a 
hard, fine mesh, steam-activated carbon having a broad range of pore sizes. They also rec- 
ommend that the activated carbon have a low phosphorus content since leachable phosphates 
can cause foaming. According to Pauley (1991), activated carbon with an iodine number 
ranging from 900 to 1,100 is effective in removing amine degradation products, while car- 
bons with a molasses number greater than 200 are more efficient in removing liquid hydro- 
carbons. (Both the iodine and molasses numbers are measures of the pore area available for 
adsorption.) Gustafson (1970) recommends a simple field test to judge the effectiveness of a 
given activated carbon in reducing foaming. Two quart jars are partially filled with amine 
solution, 1 wt% activated carbon is added to one jar, and both jars are then shaken vigorous- 
ly. Comparison of the foam volume and duration of foaming indicates the degree of foam 
reduction that can be achieved with that activated carbon. 

While it is generally agreed that activated carbon filtration should be considered for all 
amine units, it is highly recommended for secondary and tertiary amines (DEA, MDEA, and 
DIPA), which cannot be thermally reclaimed online like DGA and MEA. The preferred loca- 
tion for the activated carbon filter is on the lean side of the circulating system downstream of 
the lean amine cooler. The activated carbon is more effective on the lean side and, if H2S is 
present, safety concerns are not an issue when the carbon is replaced. However, there are 
some circumstances when it may be advisable to locate the carbon filter on the rich side. See 
the previous discussion on mechanical amine filtration for details. In filtration systems where 
the carbon filter is located on the rich side there is a tendency for gas pockets to form inside 
the carbon filter (Leister, 1996). These gas pockets can reduce the effectiveness of the car- 
bon filter and, in rich amine filtration systems where H2S is present, care should be taken to 
continuously vent the carbon filter to a downstream location to prevent flash gases from 
being a safety hazard during filter changeouts as well as from accumulating and sealing off a 
portion of the filter (Bacon, 1987). 

Table 3-8 summarizes activated carbon filter design data. As indicated in this table, a 
variety of activated carbons (8 x 30 mesh, 5 x 7 mesh, 4 x 10 mesh, etc.) derived from coal 
or wood have been used for amine filtration. Activated carbon filters using the finer carbon 
grades (8 x 30 mesh) are the most common type and are usually designed for a flux of 2 to 4 
gpm/ft2 with a 10 foot bed height (15 to 20 minutes contact time). Filters using the coarser 
carbon grades (5 x 7 mesh and 4 x 10 mesh) are designed for fluxes as high as 10 gpm/ft2 
and usually have a minimum bed depth of 5 feet. All of these carbon filters operate in a 
downflow mode and, in most cases, a 10 to 20% slipstream of lean amine is filtered. Small 
amine systems may use an activated carbon cartridge element. 

Per Table 3-8, the recommended size of the slipstream filtered by activated carbon varies 
from 1% to 100% (full flow filtration). Early activated amine filters built in the 1970s were 
often designed for a 1 to 2% amine solution slipstream. Experience demonstrated that these 
filters were undersized, and most activated carbon filters are now designed for a 10 to 20% 
slipstream (Bourke and Mazzoni, 1989). However, in some applications, e.g., Claus plant tail 
gas treaters, activated carbon filters may be designed for full flow filtration. Typical activat- 
ed carbon bed life is about 6 months to a year. 

The activated carbon is replaced when the pressure drop across the bed exceeds design 
values, when foaming or turbidity tests indicate that the carbon is spent, or when there is no 
color change in the amine solution flowing through the filter. Recommended test procedures 
are available from the activated carbon vendors. Ballard (1986A, B) suggests that better acti- 
vated carbon filtration is obtained when the amine temperature is in the range of 120 to 



Table 3-8 
Amine Activated Carbon Filter Sizing Criteria from Various Sources 

Carbon Bed 
Carbon 

Amine Flux, Bulk Contact 
Carbon Mesh YO gpm/ft2 Density, Carbon Time Height, 

Size Slipstream (1) lbIft3 Type min. ft. Source 

8x30 

8x30 

8x30 

12 x 28 
4 x  10 
4 x  10 
5 x 7  
5 x 7  

- 

- 
- 

>10 
10-20 

10 
10-20 
10-20 

>1 
-2 

10-100 
10-100 
2-100 
10-25 

4 
<4 

0.6(2) 
2-4 
<4 
2-5 
0.5 
10 

c15 
2-10 
- 

Calgon SGL 

Calgon SGL 

Coal Based 

- 

- 
- 
- 

Lignite 
Wood 

Coal Based 
- 

-20 
>15 

120(2) 
>15 
- 
- 
- 
- 
- 
20 
- 

Calgon, 1986 
Bright and Leister, 1987 
Keaton and Bowke, 1983 
Bourke and Mazwni, 1989 
Manning and Thompson, 1991 
Scheirman, 1973A 
Gustafson, 1970 
Burns, 1996 
Perry, 1974 
Ballard, 1986A, B 
Manning and Thompson, 1991 

Notes: 
I. Flux is the superjicial velocity ( i j~dfl2 of cross-sectional area) in the downflow direction. 
2. Calgon recommended a design based on 4 ij~m/ftzflux and 20 minutes contact time, but client opted for more conservative design. 
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150°F. Below 120°F the amine solution viscosity may lead to a high pressure drop across the 
carbon bed; at temperatures above 150°F the adsorptive capacity of the carbon is reduced. 

8 x 30 Mesh High-DensityActivated Carbon Filter 

Most activated carbon filters use a coal-based, 8 x 30 mesh activated carbon to treat a 10 to 
20% amine solution slipstream. Bed heights are typically 10 feet with a flux of 2 to 4 gpm/ftz 
(contact time 15 to 20 minutes). Bright and Lister (1987) recommend that an 8 x 30 mesh 
activated carbon filter have a 5 micron mechanical prefilter to remove suspended solids from 
the amine solution and to prevent plugging of the activated carbon pores. The activated carbon 
fdter should be followed by a 10 micron afterfilter to remove carbon fines which might exit the 
carbon filter. Many 8 x 30 mesh commercial activated carbon filters are designed more conser- 
vatively. For example, Keaton and Bourke (1983) review the design of an activated carbon sys- 
tem used to filter a 10% lean DEA solution slipstream. The 42 gpm slipstream of 25 wt% DEA 
solution is taken from the lean amine pump discharge. The activated carbon filter is a 1 0 4  
diameter by 1 l-ft carbon steel vessel with a 316 stainless steel liquid collection system contain- 
ing 20,000 pounds of Calgon SGL 8 x 30 mesh granular activated carbon. Surface loading is 
0.6 gpm of amine per square foot and the carbon contact time is 120 minutes. 

Figure 3-27a can be used to estimate the clean bed pressure drop for 8 x 30 mesh activat- 
ed carbon. Since the 8 x 30 mesh activated carbon filter has an upstream mechanical filter, 

SUPERFICIAL VELOCITY-GPMIFT' 

Figure 3-27a. Clean bed pressure drop of ethanolamine solution through Calgon SGL 
8 x 30 mesh cahon. (Wgon, 1986) 
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the carbon is usually spent before the maximum allowable pressure drop of 30 psi above the 
clean bed pressure drop is reached (Leister, 1996). Although steam regeneration has been 
used on occasion, in almost all cases the carbon beds are not regenerated since steam is not 
effective in removing high-boiling contaminants (Pauley, 1991). When steam regeneration is 
used, typical carbon bed life is 4 months after the first cycle, 7 weeks after the second cycle, 
and 3 to 4 weeks after the third cycle. Low pressure steam can be used for regeneration, but 
must be superheated to 500°F to remove high-boiling contaminants (Schierman, 1973A, B). 
Activated carbon filters are often supplied as skid mounted units by carbon vendors such as 
the Calgon Carbon Co. of Pittsburgh, PA, and, for larger systems, vendors will often assume 
responsibility for carbon replacement and disposal. 

4 x 10 Mesh High-DensiiyActivated Canbon Filter 

The Perry Equipment Co. of Mineral Wells, TX, has marketed a 4 x 10 mesh activated car- 
bon amine filter since the 1970s. Early versions of this filter utilized a wood-based, low-density 
activated carbon and were designed for a flux of 10 gpm/ft2 with a minimum bed height of 5 
feet (Perry, 1971; 1974; 1980). Recent designs utilize a 4 x 10 mesh, high-density, coal-based 
activated carbon (Bums, 1996). The filters are designed for a flux of 10 gpm/@ and the bed 
depth is 5 feet. Figure 3-2713 can be used to estimate the clean bed pressure drop for 4 x 10 
mesh activated carbon. Usually the carbon is replaced when the differential pressure across the 
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Figure 3-27b. Clean bed pressure drop of ethanolamine solution through Calgon LPA 
4 x 10 mesh carbon. (Ca/gon, 1986) 
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bed exceeds 40 psi. Upstream and downstream mechanical filtration are recommended when 
the filter is used on a 10 to 20% slipstream. When the filter is used for full flow filtration, the 
carbon filter acts as a mechanical filter, and no mechanical prefilter is required. 

Thermal Reclaiming 
High-boiling degradation products of the amines, as well as suspended solids, can be 

removed from amine solutions by distillation of a small sidestream, usually 0.5 to 2% of the 
main flow. This stream is withdrawn from the solution leaving the regenerator reboiler and 
fed to a small steam-heated or direct fired kettle or reclaimer. For monoethanolamine and 
Diglycolamine, the reclaimer usually operates at the amine still pressure. Figure 3-28 
depicts a typica1 installation for reclaiming MEA. Reclaiming at the amine still-operating 
pressure allows the reclaimer vapor product to be used directly for reboiling the still and 
minimizes capital cost by eliminating the need for a separate condenser. Atmospheric distil- 
lation has been used for reclaiming MEA, but is less common than operation at the amine 
still pressure. Secondary and tertiary amines like DIPA, DEA, and MDEA are thermally 
reclaimed under vacuum because these amines degrade at the temperatures corresponding to 
atmospheric or higher pressure operation. 

In the operation of thermal reclaimers, high-boiling organic compounds and salts concen- 
trate in the reclaimer kettle. The boiling point of the mixture, and thus the kettle temperature, 
rises with increased concentration of these high boiling components. This temperature rise 
can cause an increased decomposition rate of both the amine and the high-boilers, resulting 
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@LIQUID LEVEL CONTROLLER 

@TEMPERATURE INDICATOR 

STRIPPING REBOILER PURIFICATION 
STILL KETTLE 

STEAM 

0 
Figure 3-28. Purification system for aqueous monoethanolamine solutions operating at 
amine still pressure. 
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in additional amine loss, coking of heat transfer surfaces, and the formation of volatile 
decomposition products that can contaminate the amine vapm product. High salt concentra- 
tion can also cause the precipitation of solid crystals that contribute to reclaimer fouling and 
plugging problems. 

These considerations generally limit the degree of concentration attainable in the 
reclaimer bottoms product. Simmons (1991) recommends that the discharged residue contain 
sufficient amine to be a viscous liquid on cooling-about as viscous as crude oil. Amine 
remaining in the discharged mated represents an unavoidable loss. 

Techniques that have been developed to minimize problems associated with high residue 
concentration and high reboiler temperatures include 1) vacuum operation to reduce the 
amine boiling point, 2) use of stripping vapor (such as steam or dilution water) in the 
reclaimer kettle to reduce the amine partial pressure, and 3) addition of alkali to neutralize 
strong acids and liberate the bound amine andor form inorganic salts that are molten at 
reclaimer temperatures. 

MEA and DGA thermal reclaimers normally operate at atmospheric or at the treating plant 
still pressure and can easily be installed as permanent adjuncts to the treating unit. Thermal 
reclaimers for higher molecular weight amines normally require vacuum, resulting in a more 
complex and more costly installation. As a result, such units are frequently provided by a 
contract organization, either as a mobile unit brought in as required, or as a central process- 
ing plant- Contract plants, which process the amine from many treating units, can use a more 
sophisticated design, including the capability for continuous rather than batch operation. 

Thermal Reclaiming of MEA 

In plants using aqueous monoethanolamine solutions, purification is effected by semi-con- 
tinuous distillation as shown in Figure 3-28. Blake and R O W  (1962). Blake (1963), Dow 
(1962), Hall and Polderman (1960), and Jefferson Chemicals (1963) provide guidelines for 
the operation and design of MEA reclaimers. In MEA reclaiming, sodium carbonate or 
hydroxide is added, if necessary, to liberate the amine from the heat-stable acid salts and to 
minimize corrosion. If carbon steel tubes are utilized in the reclaimer, Jefferson Chemicals 
(1963) recommends adding sodium carbonate to the kettle before commissioning the 
reclaimer to minimize corrosion. If the reclaimer has stainless tubes, lowchloride content 
sodium carbonate should be used to minimize the possibility of chloride stress corrosion 
cracking. A soda ash mix tank with a hard-piped connection to the reclaimer should be pro- 
vided so that neutralizing solution can be added during the reclaiming cycle. 

The amount of sodium carbonate or caustic required is based on the amine solution heat- 
stable salts concentration. One mole of amine tied up as a heat-stable salt (usually reported 
as the weight percent of bound amine based on the total solution) can be neutralized with one 
mole of caustic or one-half mole of sodium carbonate. Neutralizing the heat-stable salts with 
a strong base allows the bound amine to be liberated from the solution and raises the pH and 
reduces the corrosivity of the solution in the reclaimer. The reaction of sodium carbonate 
with heat-stable salts can be represented by equations 3-34 and 3-35 where R a H +  repre- 
sents the heat-stable salt cation: 

CO3*- + R&H+ = R3N + HC03- (3-34) 

HCO3- + R a H +  = R3N + COZ + H20 (3-35) 
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In the first reaction, the carbonate anion liberates one mole of amine per mole of carbonate 
anion. In the second, another mole of amine is liberated by the one mole of bicarbonate 
anion produced by the frst reaction. One mole of sodium carbonate, therefore, neutralizes 
two moles of bound amine. 

After the iuitial charging of the reclaimer kettle with amine solution, fresh solution diluted 
with water is fed at a slow rate on level control, and steam is added on flow control. At steady 
state, the amine solution is brought to a concentration where the equilibrium vapor leaving the 
reclaimer has the same amine content as the feed. As shown in Figure 3-29, if the solution fed 
to the purification kettle contains 20% (by weight) MEA in water, at atmospheric pressure the 
solution in the kettle has to be collcentrated to an MEA content of 68% (by weight) in order to 
obtain an MEA concentration of 20% (by weight) in the vapor. At steady state, the reclaimer 
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Rgure 3-29. Vapor-liquid equilibrium data for aqueous monoethanolamine solution at 
various pressures. (Dingman et a/-, 7966) 
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operating temperature and amine concentration in the kettle can be varied by diluting the lean 
amine reclaimer feed with water. Water dilution is used to minimize MEA degradation and 
improve recoveries at high still operating pressures. Use of amine still reflux as dilution water 
has the advantage of maintaining the amine system water balance. 

As the distillation continues, the temperature in the kettle increases because of the accumu- 
lation of solids and high-boiling constituents. As the temperature rises, the steam flow control 
valve opens, and the steam pressure in the kettle is gradually increased to a maximum of 
about 100 psig. The addition of lean amine feed is stopped when the temperature in the kettle 
reaches about 290°F. However, distillation is continued for a short time with the addition of 
water as liquid feed or as steam to remove as much of the residual MEA as economically pos- 
sible. Additional caustic soda can be added to the reclaimer if tests indicate that more amine 
can be recovered from the still by neutralizing any remaining heat-stable salts. During this 
phase of operation, the MEA content of the kettle vapor product should be monitored by sam- 
pling, and steam or water injection stopped when the MEA content drops to 1 wt% @ow, 
1962). The kettle is then cleaned and recharged, and the cycle is repeated. This simple system 
can be used with aqueous monoethanolamine solutions because the vapor pressure of 
monoethanolamine is sufficiently high to permit distillation at temperatures at which the 
amine does not decompose thermally. High still operating pressures can lead to amine degra- 
dation. Dow (1962) recommends atmospheric pressure reclaiming when still pressures exceed 
10 psig; however, most commercial MEA reclaimers operate at 15 to 20 psig. 

Thermal Reclajming of Diglycolamhe (DGA) 

Thermal reclaiming of Diglycolamine from degraded solutions, as described by Dingman 
(1977) and Kenney et al. (1994), is quite similar to reclaiming of MEA by semi-continuous 
steam distillation. A diagram of a DGA reclaimer is shown in Figure 3-30. The reclaimer 
should be sized for a sidestream of about 1 to 2% of the circulating solution, and distillation 
is conducted at a kettle temperature of 360 to 380°F. High reclaiming temperatures maxi- 
mize reclaimer throughput, while lower operating temperatures minimize solution degrada- 
tion. When steam is available, it is usually sparged in below the tube bundle. As seen in Fig- 
ure 3-31, at a temperature of 360°F and at a pressure of 20 psia, the vapor from the reclaimer 
contains about 50 wt% Diglycolamine. This is returned directly to the stripping column. 

DGA reacts with C02 to form bis(hydroxyethoxyethy1)urea (BHFiEU) and with CS2 to 
form bis(hydroxyethoxyethy1)thiourea. While DGA reacts preferentially with COS to form 
BHEEU, some bis-hydroxyethoxyethyl thiourea is also formed (Kenney et al., 1994). In 
most circumstances, BHEEU is the predominant Diglycolamine solution degradation prod- 
uct. Initially, as reported by Dingman and Moore (1968), DGA was reclaimed under vacuum 
with caustic addition. However, Mason and Griffith (1969) discovered that the degradation 
reactions to form BHEEU could be reversed without caustic addition by operation at higher 
temperature. Later it was demonstrated that the reclaimer could be operated at the amine still 
pressure and that the COS, CS2, and C02 degradation reactions could be reversed at reclaim- 
ing temperatures without caustic addition. 

DGA reclaimer control is based on reversing these reactions by maintaining reclaimer 
operation at a fixed temperature. As shown in Figure 3-30, steam, typically 300 psig, is 
added on flow control, lean DGA solution is added on level control, and condensate (or 
DGA stripper reflux) is added to maintain temperature control. Since the predominant degra- 
dation product is BHEEU, sodium carbonate or caustic soda is added to DGA reclaimers 
only when solution analysis indicates that heat-stable salts are present. Normally, caustic 
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Vapors to OGA Slripper 

t 

Steam Condensate or OGA Skipper Reflux 
if required lo limit kelUe temperature 
lo 380°F. may. 

Figure 3-30. Diglycolamine reclaimer. (Dingman, 7977) 

addition is not required for DGA reclaiming. The reclaimer should be run to keep the 
BHEEU concentration at a satisfactory level, typically less than 5 wt% of the total solution. 
Kenney et al. (1994) provide a detailed description of DGA reclaimer operation. 

Mechanical Design of MEA and D[bA Reclaimers 

Design of DGA and MEA reclaimem is quite similar. Since theE is little acid gas present 
in the solution, the kettle is usually constructed of carbon steel, although stainless steel tubes 
are often used. Square tube pitch with generous spacing is used for ease of cleaning and to 
keep vapor from sweeping liquid away from tube surfaces. Dow (1962) recommends that 
heat flux values for MEA reclaimers not exceed 5,000 Btu/f$/hr. DGA reclaimer design is 
based on a heat flux of 8,000 Btu/ftz/hr for carbon steel tubes and 12,000 Btu/ftzh for stain- 
less steel. Kenney et al. (1994) recommend that the heat flux be less than 9,000 Btu/ft2/hr for 
DGA reclaimers with carbon steel tubes. 

According to Figure 3-30, the liquid level should be controlled so that the tubes are cov- 
ered with at least 6 inches of liquid, and there should be a minimum of 6 to 8 inches of clear- 
ance between the reboiler bundle and the bottom of the kettle to provide settling space for 
sludge and to minimize corrosion of the bottom tubes. Others recommend greater clearances. 
Jefferson Chemicals (1963) recommends a bottoms clearance of 10 to 15 inches for MEA 
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Figure 3-31. Vapor-liquid equilibrium data for aqueous DiQlycolaITIine solutions at 
various pressures. (Texaco Chemical, 1983 

reclaimers, while Kenney et al. (1994) recommend 8 to 12 inches for DGA. Since the 
reclaimer sludge. is quite viscous, the dump valve should be a minimum of 3 to 4 inches 
(pipe size) to prevent plugging of the drain line (Jefferson Chemicals, 1963; Kenney et al., 
1994). In many jurisdictions, the reclaimer sludge is regarded as a hazardous waste. Provid- 
ing a dedicated underground sump for reclaimer sludge storage can facilitate disposal and 
minimize operator exposure. 

A manway should be provided at the top of the kettle to provide access so that the kettle 
can be hosed down at the end of the reclaiming cycle. To minimize corrosion, steam spargers 
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should be designed with deflector plates so that the steam is directed away from the tube 
bundle and reclaimer shell (Jefferson Chemicals, 1963). Block valves should be provided on 
the vapor return line to the regenerator and on the reclaimer liquid feed lines so that the 
reclaimer can be isolated from the still for cleaning. 

Entrainment must be minimized, or contaminated solution will return to the still. Disen- 
gagement space is provided inside the kettle to minimize entrainment. The rule of thumb is 
that the top of the reclaimer bundle should be at the kettle centerline. Another rule of thumb is 
that the reclaimer liquid residence time based on the flow of amine to the reclaimer should be 
50 to 100 minutes (Blake and Rothert, 1962). Also, as shown in Figure 3-30, a short packed 
column on the reclaimer vapor outlet can be used to further minimize entrainment. Jefferson 
Chemicals (1963) recommends a 3- to 5-foot section of column filled with any common type 
of packing as shown in Figure 3-30, while Blake (1963) recommends a separate KO drum. A 
positive displacement type level transmitter should be used instead of a differential pressure 
level transmitter since changes in liquid gravity during reclaiming can affect the latter type 
and possibly expose reclaimer tubes and cause corrosion (Shaban et al., 1988). 

Thermal Reclaiming of Secondary and Tertiaty Amines 

DEA, DIPA, and MDEA can be thermally reclaimed by distillation under reduced pres- 
sure. Operating conditions vary, but solution temperatures should be less than 400°F to pre- 
vent degradation of the amines and maximize recovery (Simmons, 1991). For example, typi- 
cal operating conditions for thermal reclamation of DIPA are 50 to 100 mm Hg absolute at 
350°F (Butwell et al., 1982). 

When they are reclaimed, secondary and tertiary amine solutions are usually handled on a 
contract basis. Contract reclaiming can be either on-site, with a portable reclaimer, or off- 
site. The advantage of contract reclaiming is usually the use of a more sophisticated reclaim- 
ing unit operated by highly experienced operators. Contract reclaimers can be either batch or 
continuous. Continuous operation usually has the advantage of higher amine recovery since, 
with proper design, operating temperatures can be low. Millard and Beasley (1993) describe 
the design of a commercial amine reclaiming unit. Key design features are 1) continuous 
operation, 2) using waste liquid recycled through the tubes of a direct fired heater as the heat 
source for vaporizing the products (amine and water), 3) feeding fresh amine plant solution 
into the heated recycle liquid at a recycle-to-feed ratio of 4 0  1,4) flashing amine and water 
vapor from the hot mixture, 5) discharging a portion of the remaining liquid as waste since 
required to maintain a constant inventory, 6) limiting the temperature rise of the liquid in the 
fired heater tubes to 25°F to minimize further decomposition, and 7) using a special fired 
heater design which limits heat transfer to the convective section. 

A simple vacuum reclaimer used for reclaiming monoethanolamine-diethylene glycol 
solution is depicted in Figure 3-32. This installation consists of a small steam-heated or 
direct-fired kettle. Proper heat densities to avoid excessive skin temperatures have to be used 
in direct-fired kettles. The feed to the kettle is separated from the main solution stream at the 
reboiler outlet; overhead vapors are condensed, collected in an accumulator, and returned to 
the plant system. This vacuum reclaimer design, which was used in the now obsolete glycol- 
amine process, may not be suitable for those tertiary and secondary amines where the amine 
degradation products have nearly the same vapor pressure as the amine. In these instances, 
the reclaimer design is more complex. In the case of diisopropanolamine (DIPA), the princi- 
pal degradation product, 3-(2-hydroxypropyl)-5-methyl-2-oxazolidone (HPMO), has nearly 
the same vapor pressure as DIPA. The reclaimer, which operates under vacuum (50 mm Hg, 
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Figure 3-32. Monoethanolamine-diethylene glycol-water solution purification system 
at reduced pressure. 

350"F), typically has 14 trays and utilizes direct steam sparging. There is no heat recovery, 
and the recovered DIPA is pumped back into the amine system (Butwell et al., 1982). 

Electrodialysis and ion exchange compete with vacuum distillation when reclaiming 
MDEA, DEA, or DIPA solutions. However, vacuum reclaiming of these amines has the 
advantage of removing non-ionizable degradation products, such as those formed by the 
reaction of COz with amines. These degradation products cannot be removed by either ion 
exchange or electrodialysis. Table 3-6 summarizes the advantages and disadvantages of vac- 
uum distillation in comparison to ion exchange and electrodialysis. 

Miscellaneous Thermal Reclaiming Methods 

A thermal reclaiming technique for purifying contaminated diethanolamine solutions that 
uses molten salt technology has been disclosed (Anon., 1963). This system has been devel- 
oped for reclaiming solutions that treat refinery gases containing small amounts of acids. In 
order to maintain the activity of the diethanolamine solutions in such cases, continuous addi- 
tion of sodium hydroxide is necessary to neutralize the amine-acid heat-stable salts. This 
results in a buildup of sodium salts, requiring periodic disposal of the solution. Adding 
potassium salts to the contaminated solution lowers the melting point of the salt mixture suf- 
ficiently to permit distillation of the diethanolamine at essentially atmospheric pressure with- 
out thermal decomposition or precipitation of salt crystals. 
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A schematic flow diagram of the unit is shown in Figure 3-33. A solution of 48 wt% 
potassium hydroxide is added to the contaminated diethanolamine before it enters the top of 
a packed tower where it is contacted with superheated steam rising from the reboiler. Essen- 
tially all of the amine and water is vaporized, and the product is withdrawn at a point below 
the packed section into a condenser, which is held at a slightly lower pressure than that pre- 
vailing in the reboiler. A steam jet is used to maintain the required pressure. The salts drop 
into the reboiler and melt at 420 to 440"F, and any residual diethanolamine is flashed off. 
The temperature of the diethanolamine-water vapor withdrawn is 300 to 375°F. The temper- 
atures in the column and reboiler are sufficient to vaporize practically all the amine without 
decomposition. Heat is supplied by circulating oil at 600°F through the reboiler tubes. 
Recovery of 90% of reusable diethanolamine is claimed. 

Another proposed thermal reclaiming method consists of withdrawing a small sidestream 
of the ethanolamine solution, adding sodium or potassium hydroxide, and then removing 
most of the water by distillation. After this, the solution, containing 5% to 10% of water, is 
mixed with an alcohol-preferably isopropyl alcohol-which causes precipitation of the 
sodium or potassium salts of volatile organic and inorganic acids. After filtration of these 
salts, the alcohol is removed from the mixture by distillation, and the amine is returned to the 
main solution stream (Paulsen et al., 1955). 

Thomason (1985) described tests of a novel reclaiming technique in which DEA was 
reclaimed by sparging both C02 and low pressure steam into a reclaimer kettle that contains 
DEA. At 280°F and atmospheric pressure, reclaiming was successful, but part of the DEA 
was converted to TEA. 
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Figure 3-33. Diethanolamine reclaimer using molten salt bath. 



Ion Exchange for Amine Solution Purification 
Ion exchange is the reversible exchange of ions between a liquid and a solid in which 

there is no substantial change in the solid. Ion exchange removal of a typical heat-stable salt 
anion, Cl-, from an amine by an anion exchange resin is illustrated in the following equation 
where parentheses denote ions bound to the ion exchange resin: 

(OH-) + R3NH+ + C1- = (Cl-) + R3NH + H20 (3-36) 

The resin is then regenerated with caustic: 

(Cl-) + OH-= (OH-) + C1- (3-37) 

Similarly, undesirable cations (e.g., Na+) can be removed by exchange with H+ on a cation 
exchange resin. One of the first commercial applications of ion exchange for amine reclaim- 
ing was described by Morgan and Klare (1977). A side stream of the circulating amine solu- 
tion, which was contaminated with sodium chloride, flowed downward through a bed of a 
strong base anion exchange resin and the chloride ion was replaced with hydroxide ions. The 
hydroxide ions reacted with C02 in the treating process, causing the precipitation of sodium 
bicarbonate crystals which were collected in the amine filter. A similar application is 
described by Bacon et al. (1986). In both of these applications, ion exchange was used as a 
temporary measure to clean up contaminated amine solutions. 

Keller et al. (1992), Yan (1993), and Cummings et al. (1991) describe further develop- 
ments in the use of ion exchange for amine reclaiming. This commercial technology, called 
the HSSX process, has a cation resin bed for removing sodium ions followed by two anion 
resin beds, each containing a different resin. According to Keller et al., sodium is usually the 
only cation requiring removal, while the most significant anions in amine reclaiming are 
chloride, thiocyanate, acetate, formate, thiosulfate, and sulfate. After sodium removal in the 
cation bed, the first anion resin bed removes anions which are easy to remove from solution, 
but difficult to regenerate (possibly sulfate, thiosulfate, and thiocyanate). The second bed 
removes anions which are difficult to remove, but easy to regenerate (possibly chloride, 
acetate, and formate). Dividing anion removal into two separate resin beds d u c e s  chemical 
consumption during regeneration. A similar regeneration technique was recommended by 
F’rielipp and Pearce (1957) who investigated, but did not commercialize, the use of ion 
exchange to reclaim amines. 

Advantages of ion exchange are low energy usage, no further degradation of the amine 
during reclaiming, and removal of only the solution contaminants. Disadvantages include 
potentially high chemical and water use, the inability to remove non-ionized degradation 
products such as those formed by the reaction of C02 with amines, and the disposal of sig- 
nificant volumes of dilute sodium salts. Also, since ion selectivity varies, resin and regenera- 
tion requirements vary from solution to solution, and each system must be custom designed 
(Baconet al., 1988). See Table 3-6 for a further comparison of ion exchange versus vacuum 
distillation or electrodialysis. 

Electrodialysis for Amine Solution Purification 
Electrodialysis uses a direct current and ion-selective membranes to move ions from one 

solution chamber to another. Figure 334 is a schematic depiction of an electrodialysis cell. 
The cell consists of a stack of alternating cation (C) and anion (A) selective membranes 
located between two electrodes. Commercial electrodialysis cells can contain 100 or more 
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Figure 3-34. Schematic of electrodialysis cell for amine reclaiming. 

stacked membranes. When a current is applied across the two electrodes, the cations move 
toward the negatively charged cathode, and the anions move toward the positively charged 
anode. Anions, such as C1-, can penetrate the anion exchange membrane, A, but not the 
cation exchange membrane, C. Cations, such as Na+, can penetrate the cation exchange 
membrane, C, but not the anion exchange membrane. The net effect is to remove both 
cations and anions from the impure feed stream and collect them in a concentrated brine 
waste stream. Hydrogen and oxygen are produced at the anode and cathode, respectively. 
Stacking the membranes increases the ratio of the ions separated to the oxygen and hydrogen 
produced and lowers energy consumption. 

Union Carbide has commercialized the use of electrodialysis to reclaim amines (Union 
Carbide, 1994; Gregory and Cohen, 1988; Bums and Gregory; 1995). A mobile, commercial 
unit is depicted in Figures 3-35a and 3-35b. Commercial units reportedly process a 5- to 15- 
gprn slipstream of filtered ( 4 0  micron), lean, cool amine which has been neutralized with 
caustic to liberate the amine tied up as heat-stable salts. It is claimed that a mobile unit can 
remove over 3000 lb/day of heat-stable salts. 
Bacon et al. (1988) claim that electrodialysis quires less capital than ion exchange and that 

operating costs are competitive with ion exchange. Also, Bacon et al. state that electrodialysis 
produces a small volume of concentrated brine for disposal while ion exchange produces a 
high-volume, dilute salt solution as a purge stream. The disadvantage of electrodialysis (and 
ion exchange) in comparison to vacuum distillation is that non-ionic contaminants, such as 
amine-C02 degradation products, are not removed. In comparing ion exchange and electrodial- 
ysis, Keller et al. (1992) claim that electrodialysis requires higher electric power consumption 
to remove some anions, and that the salt purge stream may contain significant amounts of 
amine, which can adversely impact the waste water treatment system. They also claim that 
electrodialysis is most efficient when the heat-stable salt content of the amine is high and, 
therefore, when the amine solution is more corrosive. Table 3-6 summarizes the advantages 
ahd disadvantages of electrodialysis in comparison to vacuum distillation and ion exchange. 

NONACIDIC-GAS ENTRAINMENT IN SOLUTION 

In certain operations, especially when acid gas removal is carried out at high pressure, 
appreciable amounts of nonacidic gases are carried by the solution from the contactor to the 
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Figure 3-35a. Mobile electrodialysis unit for amine reclaiming. Courtesy Union Carbide 
Corporation 
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Figure 3-35b. Interior of mobile electrodialysis unit for amine reclaiming. Courtesy 
Union Carbide Corporation 
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regeneration section of the plant. This is particularly undesirable if the acid gases are intend- 
ed to be used further, as for instance, for the production of dry ice or elemental sulfur, The 
nonacidic gas may be carried both in solution and as entrained bubbles (or as drops of liquid 
hydrocarbon). Mechanical canyover of nonacidic gases can be minimized by proper design 
of the bottom section of the contactor. Both splashing and the free fall of liquids through the 
vapor space (which result in h t h  in the bottom of the contactor) should be avoided by the 
installation of a properly designed downcomer, and the outlet line should include a vortex 
breaker. Even when the contactor bottom is properly designed, it is in most cases impossible 
to eliminate totally mechanical canyover. In addition, the solubility of most nonacidic gases 
in ethanolamine solutions becomes appreciable at high pressures. Provisions, therefore, must 
be made to separate these gases from the solution after it leaves the contactor and before it 
enters the regenerating section. Depending on the operating conditions of the plant and the 
purity requirements of the acid gas, a rich amine flash drum is often installed downstream of 
the rich solution level control valve and upstream of the lean-to-rich solution heat exchanger. 
To provide a maximum of vapor-disengaging area, horizontal vessels are frequently used. 

The gases evolved in the rich amine flash drum contain acid gas in varying concentrations. 
This acid gas can be recovered by contacting the flashed gases with a small stream of lean 
amine solution in a small column installed at the top of the flash drum (see Chapter 2). 

The solubility of methane in rich, aqueous MEA and glycol-monoethanolamine solutions 
is presented in Figure 3-36 for two temperatures and varying pressures (Fluor Daniel, 1996). 

VOLUME METHANE (60*F, 14.7 PSIAIIVOLUME SOLUTION 

Ftgure 3-36. Solubility of methane in aqueous monoethanolamine and 
monoethanolamine-diethylene glycol-water solutions containing acid gas. 
Courtesy Fluor Daniel 



268 Gas Purification 

Table 3-9 
Solubility of Methane and Ethane in Aqueous MEA and DEA Solutions 

Vapor Pressure-psia 
Amine wt% Temperature Solubility 
Type Amine O F  Methane Ethane VolJVol. 

MEA 
MEA 
MEA 
MEA 
MEA 
MEA 
MEA 
DEA 
DEA 
DEA 
DEA 
DEA 
DEA 
DEA 
DEA 
DEA 
DEA 

15 
15 
15 
15 
15 
15 
15 
25 
25 
25 
25 
25 
25 
25 
25 
25 
25 

100 
150 
150 
100 
100 
150 
150 
100 
100 
150 
150 
200 
200 
100 
100 
150 
150 

954 
498 
993 
- 
- 
- 
- 
510 
968 
51 1 
982 
516 
920 
- 
- 
- 
- 

- 
- 
- 
49 1 
868 
50 1 
955 
- 
- 
- 
- 
- 
- 
480 
868 
498 
972 

1.55 
0.73 
1.37 
0.92 
1.19 
0.74 
1.18 
0.76 
1.42 
0.68 
1.28 
0.61 
1.19 
0.91 
1.19 
0.74 
1.13 

Note: Gas volume at 60°K 14.7psia. 
Source: Lawson and Garst (1976) 

Table 3-10 
Solubility of Methane in 25 wt%~ Aqueous DEA Containing H# or COP 

MollMol DEA 
Temperature Vapor Pressure Solubility 

O F  psia H2S co2 VolJVol. 
100 973 0.20 1.27 
100 862 1.10 1.07 
150 456 0.19 0.47 
150 495 0.25 0.54 
150 95 1 0.20 1.03 
100 500 0.27 0.65 
100 956 0.27 1.16 
150 489 0.25 0.55 
150 970 0.25 0.97 

Note: Gas volume at 60°F. 14.7psia. 
Source: Fluor Daniel (1996) 
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This chart can be used in estimating the amount of methane (or dry natural gas) which will 
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or both of the acid gases. 
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INTRODUCTION 

In previous editions of this book the removal of ammonia from gas streams and the use of 
ammonia to remove H2S and C02 were covered in separate chapters. The two subjects have 
been combined into a single chapter in this edition because (1) the technologies are closely 
interrelated, (2) the use of aqueous ammonia to absorb H2S and C02 is declining relative to 
other, more efficient processes, and (3) the subjects are of most interest with regard to coal 
gas purification, which is not currently an expanding field. 

Types of Coal Gas 
Table 4-1 lists the principal types of gases produced from coal. Producer gas, water gas, 

and carburetted water gas represent technology that was widely practiced during the first half 
of this century to provide fuel gas for residential and industrial use. The availability of abun- 
dant supplies of natural gas during the 1950s led to the abandonment of most of these types of 
coal gasification units in the United States, although their use has continued in other parts of 
the world. The production of coke-oven gas (COG) contkued to grow in the United States 
during the 1950s and 1960s and is still a major operation worldwide. 

The development of processes to produce low- and medium-Btu gas using large pressur- 
ized gasifiers received considerable attention during the 1970s and 1980s, but was de- 
emphasized in the 1990s when oil and natural gas supplies appeared to be ample. Limited 
development and commercial activities on large, pressurized, oxygen-blown gasifiers are 
continuing. This type of gasifier is considered to have high potential for future applications 
to provide fuel for combined cycle power plants and feed gas for the manufacture of ammo- 
nia, synthetic natural gas (SNG), and other products. 

Table 4-1 
Principal Types of Gas Derived from Coal 

Gas Type 
Approx. HHV 

Process Conditions (Btdscf) 
Producer Gas Air blown, moving bed, 150 

atmospheric pressure 
Water Gas Cyclic process-air to heat, 300 

steam to gasify, moving bed, 
atmospheric pressure 

Carburetted Water Gas Similar to water gas with oil 500 
added during steam blowing cycle 

Coke-Oven Gas (COG) By-product of coal coking process 300 
Low-Btu Gas Air blown; moving, entrained or 150 

fluidized bed; usually elevated 
D R S S U ~ ~  oueration 

Medim-Btu Gas Oxygen blown; moving, entrained, 300 
or fluidized bed; elevated 
pressure operation 
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Sources of Ammonia 
During the gasification, carbonization, and thermal treatment of coal, liquid petroleum, 

shale oil, and tar sands products, a portion of the nitrogenous material contained in the feed 
is converted to volatile compounds that appear in the gaseous products. The principal nitro- 
gen compounds that have been identified in such gases are ammonia, cyanogen, hydrogen 
cyanide, pyridine and its homologues, nitric oxide, and free nitrogen. Although the nitrogen 
present in the fuel is the primary source of these compounds, small amounts of atmospheric 
nitrogen may also contribute to the presence of nitrogen compounds in the gas stream. 

The distribution and concentration of nitrogen compounds in the gaseous products for a 
given fuel vary over a wide range depending on operating conditions of the gasifier, reactor, 
or coke oven. The principal operating variables influencing the distribution of nitrogen com- 
pounds are temperature, time at temperature, and quantity of steam or oxygen used. For coal 
carbonization, temperature has the most pronounced effect. For example, the fraction of the 
nitrogen contained in coal that is converted to ammonia varies from about 2% at a carboniza- 
tion temperature of 400°C (750°F), which is typical for low-temperature carbonization 
processes, to 10-15% at 900°C (1,650"F) or higher, the range of typical high temperature 
carbonization installations. 

The approximate distribution of nitrogen in the products under normal, high-temperature 
coking conditions is shown in Table 4-2. Typical concentrations of nitrogen compounds in 
gases from coal carbonization processes are given in Table 4-3. Detailed discussions of the 
effect of coal carbonization conditions on nitrogen distribution are presented by Kirner 
(1945) and Hill (1945). 

Table 4-2 
Distribution of Nitrogen in Carbonization Products 

Products Distribution 
In the coke 30-50 percent 
As ammonia in the gas 10-15 percent 
As cyanide compounds in the gas 1-2 percent 
In the tar 1-3 percent 
As free nitrogen in the gas Balance 

Table 4-3 
Typical Concentrations of Nitrogen Compounds in Coal Gases 

Compound Volume % 

Free nitrogen 0.5-1.5 
Ammonia 1.1 
Hydrogen cyanide 0.10-0.25 
Pyridine bases 0.004 
Nitric oxide 0.0001 
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Component 

CI, cz 
HZ 
co 

HZS 
cos 
N2 
Ar 

HZO 

HCN 

COZ 

NH3 

Coal Gas Impurities 

Lurgi 
3.6 
16.1 
5.8 
11.8 
0.5 

trace 
0.1 

61.8 
0.3 

- 

- 

Ammonia, hydrogen sulfide, and carbon dioxide are major impurities in coke oven gas 
(COG). In addition to these three components, COG often contains carbon disulfide, carbonyl 
sulfide, hydrogen cyanide, organic acids, pyridine, phenol, and other impurities, which can 
cause problems with conventional amine plants. The presence of large quantities of ammonia in 
these gases naturally led to consideration of its use for removal of H2S and COz, and several 
ammonia-based coke oven gas purification processes have been developed and commercialid. 

Processes that use aqueous ammonia to remove HzS and COz are still offered for coke- 
oven gas purification, and many such plants are in operation in the U.S. and Europe; howev- 
er, it appears that the trend for new operations is toward the use of other absorbents. Other 
absorption processes that may be applicable for COG purification include the Takahax, 
Stretford, Vacuum Carbonate, Potassium Carbonate, and Sulfiban (MEA) processes. These 
processes can be designed to avoid serious adverse effects of trace impurities in the gas, and 
generally provide somewhat higher H2S removal efficiency than ammonia scrubbing. The 
processes are described in detail in other chapters (see index). 

Typical concentrations of major components and impurities in gases derived from coal are 
given in Table 4-4. The principal impurities removed by coal-gas purification processes are 
hydrogen sulfide and ammonia. These compounds are undesirable because they can cause 
corrosion, plugging, and ultimately, air pollution. In addition, both H2S and NH3 are relative- 
ly valuable chemicals, and their recovery and conversion to useful products, such as elemen- 
tal sulfur and ammonia, can be of significant economic value. This was particularly true 

Koppers 
Topsek 

Table 4-4 
Typical Compositions of Raw Gas Streams from Coal Gasifiers and Coke Ovens 

BGCI 
Texaco Lurgi 

- 
18.7 
43.4 
6.1 
0.6 
0.1 
0.9 

30.2 
- 

- 
- 

0.3 
29.8 
41.0 
10.2 

1 .o 
0.1 
0.7 
0.1 
17.1 
0.2 
- 

4.2 
26.4 
46.0 
2.9 
1 .o 
0.1 
2.8 

16.3 
0.3 

- 

- 

Shell 
- 
30.0 
60.3 
1.6 
1.2 
0.1 
3.6 
1.1 
2.0 
0.1 
- 

COG 
28.6 
59.0 
6.0 
1.3 
0.4 

1.3 

25.2 
0.7 
0.09 

- 

- 

Oxygen-blown gasij?er datafrom Simbeck et al. (1983) based on Illinois #6 coal containing 2.6-3.7% 

Coke-oven gas (COG) data from Bloem et al. (1990); coal composition not given. 
sulfur and 1.1-1.496 nitrogen 
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before the advent of synthetic ammonia, when coal gas constituted the largest source of fmed 
nitrogen. 

Carbon dioxide is also a major impurity in coal gas. Although it is not generally necessary 
to remove COP from gases used as fuels, partial removal is sometimes desirable to improve 
the heating value. Complete C02 elimination is required for gases undergoing processing at 
very low temperatures, for example, in cokeoven gas purification to provide hydrogen for 
ammonia synthesis. The removal of other impurities such as HCN, COS, organic acids, and 
pyridine may also be required when the concentration is high enough to cause pollution or 
operating problems in downstream systems. 

As indicated by the data of Table 4-4, gases produced by oxygen-blown gasifiers general- 
ly contain appreciably less ammonia than coke oven gas. As a result, the use of aqueous 
ammonia has not been developed as a gas purification technique for such gases. Gases pro- 
duced by air-blown gasifiers and by the thermal treatment of petroleum streams (including 
shale oil and tar sands liquids) are also relatively low in ammonia and are not considered to 
be appropriate candidates for ammonia-based scrubbing processes. 

Sources of Sour Water 
In refinery catalytic cracking operations, oxygen-blown coal gasifiers and similar high 

temperature processes that produce a gas stream containing both ammonia and hydrogen sul- 
fide, the gas leaving the high temperature step is typically quenched with water or cooled by 
indirect heat exchange and then scrubbed with water. The resulting “sour water” contains 
essentially all of the ammonia, but normally contains only a small portion of the H2S and 
C02 contained in the gas stream. It also contains water soluble impurities such as organic 
acids and phenols. Considerable development work has gone into the processing of sour 
water. Because its processing constitutes an essential step in the overall gas purification 
scheme, and ammonia is always one component, key processes for sour water treatment are 
described in the Ammonia Removal section of this chapter. 

PERCENT NH, BY WEIGHT 

Figure 4-1. Specific gravity of aqueous ammonia solutions. Data of Fernuson (795s) 
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BASIC DATA 

The specific gravity of aqueous ammonia solutions is given in Figure 4-1. Vapor pressures 
of ammonia over aqueous ammonia solutions and vapor-liquid equilibria for such solutions at 
the atmospheric pressure boiling points are presented in Figures 4-2 and 4-3. Vapor-liquid 
equilibria for the system ammonia-water above about 200°F up to the critical region are given 
by Sassen et al. (1990). At moderate temperatures, near ambient, dilute solutions of ammonia 
in water at pH 6 to 10 obey Henry’s law, which may be expressed as H = 4092/T - 9.70 @as- 
gupta and Dong, 1986). In this equation H is the Henry’s law constant (M am-’) and T is the 
absolute temperature (“K). 

The vapor pressures of H2S, COz, and NH3 over aqueous solutions containing these com- 
pounds have been extensively studied. Early investigators included Lohrmann and Stoller 
(1942), Pexton and Badger (1938), Badger and Silver (1938), Badger (1938), Badger and 
Wilson (1947), Dryden (1947), and van Krevelen et al. (1949). 

Figure 4-2. Equilibrium vapor pressure of ammonia over aqueous solutions. From 
Perry (1941) 
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Figure 4-3. Boiling point diagram for aqueous ammonia solutions at 1 atm total 
pressure. From Perry (1941) 

The van Krevelen et al. (1949) study is considered to be a pioneering effort in the correla- 
tion of vapor-liquid equilibrium data for systems of this type. It has served as the basis for 
several sour water stripper design procedures, including the widely used approach described 
by Beychok (1967) and Wild's calculator program for sour water stripper design (1979). 

The van Krevelen et al. approach is based on chemical equilibria in the solution with the 
numerical values for equilibrium coefficients derived from experimental data. For the case of 
hydrogen sulfide in qumus  ammonia solutions, the correlation is based on the equilibrium 
relationship between molecular H2S and HS- ions in an aqueous ammonia solution, which 
can be defined by the following equation 

N H 3  + H2S N&+ + HS- (4-1) 

For a total ammonia content of A molesfliter, a total H2S content of S molesfliter, and an 
equivalent anion concentration of other ammonium salts present of Z equivalentsfliter, equa- 
tions 4-2 and 4-3 can be written in the following forms: 

(HS-) = S (4-3) 

(Nr&+) = s + z (4-4) 



Removal and Use of Ammonia in Gas Purification 285 

An equilibrium coefficient K can be expressed as follows: 

from which the vapor pressure of H2S is 

(S + Z)S 
(A - S -  Z)K Hg pHzS = 

and from Henry's law, 

(4 - 6)  

Van Krevelen et al. propose the following equation for estimating Henry coefficients for 
solutions of the type commonly encountered in H2S absorption: 

O.O25(NH,) -log - - HNH3 

HO 
(4-8) 

Where: H,, = Henry coefficient for ammonia in pure water 
(NH3) = concentration of free ammonia 

The equilibrium coefficient K is not a true constant and varies with the concentration of 
dissolved salts in the solution. The authors found that this variation can be expressed as a 
function of the ionic strength (I): 

1 
2 

I = --zcizj 

Where: Ci = concentration of a given ion 
Z, = corresponding valency, by the equation: 

log K = a + 0.0891 

Where a has the following values: 

t, "C a 
20 -1.10 
40 -1.70 
60 -2.19 

(4 - 9) 

(4- 10) 

In aqueous solutions containing only ammonia and H2S, I equals S, the total H2S concen- 
tration, and equation 4-10 becomes 

log K = a + 0.089s (4-1 1) 
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Van Krevelen et al. (1949) also proposed correlations to calculate the vapor pressures of 
components in carbon dioxide-ammonia-water and hydrogen sulfide-carbon dioxide-ammo- 
nia-water systems and, in general, results obtained by use of the correlations agree well with 
experimental data. However, it is important to note that the van Krevelen et al. correlations 
apply only to ammonia-rich solutions, and are further limited to restricted ranges of acid 
gadammonia ratios and to relatively low temperatures and pressures. 

Edwards et al. (1975, 1978% B) established a molecular-themodynamic correlation for 
calculating vapor-liquid equilibria in aqueous solutions containing one or more volatile elec- 
trolytes, with special attention to the ternary systems, ammonia-carbon dioxidewater and 
ammonia-hydrogen sulfide-water. Their 1978 correlation was shown to give results in satis- 
factory agreement with the limited data then available for temperatures from 0" to 170°C 
(32" to 338" F) and ionic strengths of about 6 molal (equivalent to total concentrations of the 
electrolytes between 10 and 20 molal). 

Maurer (1980) compared results calculated on the basis of the van Krevelen et al. (1949), 
Edwards et al. (1978A, B), and Beutier and Renon (1978) correlations with several sets of 
experimental data. The average deviation of the calculated partial pressures ranged from 10 
to 50% depending upon which correlation and which set of experimental data were com- 
pared. Kawazuishi and F'rausnitz (1987) updated values for some dissociation equilibrium 
constants and Henry's constants used in the Edwards et al. (1978A, B) correlation with the 
result that it predicted vapor pressure values in good agreement with the more recent experi- 
mental data of Muller (1983). 

Because of the importance of sour water processes in the development of substitute natur- 
al gas supplies and in refinery operations, the Gas Processors Association (GPA) and Ameri- 
can Petroleum Institute (API) supported an extensive program to obtain and correlate design 
data in this field. In a joint GPA and API-sponsored project, Wilson (1978) developed a pro- 
gram called SWEQ (Sour Water Equilibrium). According to Newman (1991), the SWEQ 
model is used in several process simulators (e.g. PROCESS, CHEMSHARE, HYSIM, and 
COADE) and is valid in the temperature range of 70" to 300°F. Newman published a series 
of charts based on the SWEQ program, which are convenient to use for the preliminary 
design of sour water systems. Four of his charts representing typical absorption and stripping 
temperatures are reproduced as Figures 4-4,444-6 and 4-7. 

After development of the original SWEQ correlation, additional experimental data were 
obtained by Wilson et al. (1982) and Owens et al. (1983) under GPA sponsorship. The sub- 
ject is reviewed by Wilson et al. (1985) who present new data on the partial pressure of sour 
water components at temperatures from 100" to 400°F; and pressures up to 1,000 psia. Sam- 
ple data are given in Table 4-5. Wilson et al. (1985) point out that at temperatures above 
300"F, the measured partial pressures of NH3, H2S, and C02 diverge significantly from val- 
ues predicted by the earlier correlation (Wilson, 1978). They also found the Henry's law 
coefficients for the inert gases to be the same in sour water as in pure water. 

The GPA program culminated with the development of a new model and computer pro- 
gam called GPSWAT (GPA Sour Water Equilibria), which extends the applicability of the 
precursor SWEQ program from 68"- 284°F to 68"- 600°F and extends the pressure range to 
2,000 psia. This program may be purchased from the Gas Processors' Association. 

(text continued on page 291) 
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Figure 4-4. Ammonia equilibria at 100°F. Data of Newman (t99t). Reprvdmed with 
permission from Hydmcarbon Processing 
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Figure 4-6. Hydrogen sulfide equilibria at 100°F. Data of Newman (7997). Reprodrrced 
witlr permission from Hydrocarbon Pmessing 
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NH3 in solution, ppm wt 

Figure 4-6. Ammonia equilibria at 240°F. Data of Newman (1991). Reproduced with 
permission from Hydmcarbon Processhg 
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Figure 4-7. Hydrogen sulfide equilibria at 240°F. Data of Newman (1991). Reproduced 
with permission h m  Hydrocarbon Processing 
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Table 4-5 
Measured Vapor-liquid Equilibrium Data for Sour Water with lnerts at 

Elevated Temperatures and Pressures 

Temperature 
and 

Component 

Concentration I Measured Partial Pressure, psia 
inLiquid, 1 at Mole % 33.4 psia 

2.11 
0.27 
0.53 

97.01-97.09 
04.08 

2.05-2.02 
0.25-0.26 
0.51-0.52 

0.04-0.07 
97.15-97.13 

0.28 
0.022 
0.16 
0.78 
32.16 

96.5 1 

ital pressure of: 
500psia I 1,000psia 

0.34 0.36 
0.015 0.012 
0.14 0.15 
0.93 0.93 

498.61 998.6 

2.40 2.75 
1.61 1.75 
2.37 2.34 
11.21 11.20 
482.4 981.6 

I 32.7 
222.8 

239.8 
380.2 

Notes: Inerts are CO, N2, CH, and Ht for I00"F and 200°F runs; Nz, CHd. and H2 for 400°F run. 
Data from Wilson et aL (1985) 

(text continued from page 286) 

Vapor-liquid equilibria of typical coke-oven gases and liquids obtained in ammonia scrub- 

Differential and integral heats of solution of liquid ammonia in water are given in Tables 

The heat of reaction evolved in the saturator during absorption of gaseous ammonia in sul- 

bers (indirect process) are shown in Figure 4-8. 

4-6 and 47. 

furic acid, based on heat-of-formation data, is shown in equation 4-12: 

2NH3(g) + HzS04(aq) + (NHJ2S04(aq) - AH = 86,000 BWlb mole (4- 12) 

In a typical process where ammonia is reacted with sulfuric acid, this heat of reaction is 
augmented by the heat of dilution of sulfuric acid from 60" BB (77.6%) to 7% which 
amounts to 15,000 BtuAb mole. The total heat effect is, therefore, 101,000 B t d b  mole of 
ammonium sulfate. 
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TEMPERATURE 'C 

Figure 4-8. Vapor-liquid equilibria of typical coke-oven gases and liquids obtained in 
ammonia scrubbers (indirect process). From Pacific Coast Gas Assmiafion, Gas 
Engineers' Handbook (1934) 

In processes where ammonia is reacted with phosphoric acid, the heat evolved in the for- 
mation of diammonium phosphate from ammonia and phosphoric acid may be estimated 
from equation (4- 13): 

2NH3(g) + H3P04(aq) + (NH&HP04(aq) - AH = 75,000 Btu/lb mole (4- 13) 

The density, viscosity, and vapor pressure of aqueous ammonium sulfate solutions and the 
solubility of ammonium sulfate in water can be estimated from the nomogram presented in 
Figure 4-9. To obtain the density, viscosity, and vapor pressure, the temperature on the t 
scale is selected and aligned with the concentration on the C scale. The intersects of the line 
of the p, y, p, and d scales give the values for vapor pressure, viscosity, and density of the 
solution. The solubility of ammonium sulfate in water is obtained by aligning the tempera- 
ture (on the t scale) with the saturation point S and reading the solubility on the C scale. The 
values obtained by the nomogram agree very closely with published data. 

REMOVAL OF AMMONIA FROM GASES 

It is generally necessary to remove ammonia, hydrogen cyanide, and pyridine bases from 
coal gases prior to industrial or domestic use to meet purity requirements of downstream sys- 
tems. In addition, ammonia and the pyridine bases are relatively valuable chemicals and their 
recovery as by-products can be economically attractive when significant quantities are pro- 
duced. Before the advent of synthetic ammonia processes, by-product ammonia from coal 



Concentration, 
wt % 

0 
1 
2 
3 
4 
5 
6 
7 
8 
9 

10 

Zoncentration, 
wt% 

Heat of 
solution 

347.4 
343.8 
340.2 
336.6 
333.0 
329.4 
325.0 
320.6 
316.2 
311.8 
307.4 

11 
12 
13 
14 
15 
16 
17 
18 
19 
20 

Table 4-6 
Differential Heats of Solution of Liquid Ammonia 

(Btu per pound of ammonia dissolved) 

Heat of 
solution 

302.8 
298.2 
293.6 
289.0 
284.4 
279.4 
274.3 
269.2 
264.2 
259.2 

Concentration 
wt% 

21 
22 
23 
24 
25 
26 
27 
28 
29 
30 

Heat of 
rolution 

253.8 
248.4 
243.0 
237.6 
232.2 
226.4 
220.7 
214.9 
209.2 
203.4 

Concentration, 
wt% 

31 
32 
33 
34 
35 
36 
37 
38 
39 
40 

Heat of 
solution 

~ 

197.6 
191.9 
186.1 
180.4 
174.6 
168.1 
161.6 
155.2 
148.7 
142.2 

Concentration, 
wt% 

41 
42 
43 
44 
45 
46 
47 
48 
49 
50 

I 

Heat of 
solution 

135.0 
127.8 
120.6 
113.4 
106.2 
99.0 
91.8 
84.6 
77.4 
70.2 
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Table 4-7 
Integral Heats of Solution of Liquid Ammonia 

Concentration, Btunb 
wt% mixture Btdlb NH, 

0 
10 
20 
30 
40 
50 
60 
70 
80 
90 

100 

0 
34.4 
65.7 
92.5 

108.2 
109.4 
101.9 
84.8 
60.7 
31.9 
0 

358.0 
343.8 
328.5 
308.2 
270.0 
218.8 
169.7 
121.1 
75.8 
35.5 
0 

bource: Perry (1941) 

carbonization and gasification constituted the most important source of fixed nitrogen. At 
present, by-product ammonia accounts for only a small percentage of the ammonia pro- 
duced, and there is a growing trend with small- and medium-sized installations to burn rather 
than recover ammonia removed from gas streams. Svoboda and D i e m  (1990) suggest that 
ammonium sulfate production is particularly uneconomical in Europe because the acid soils 
in much of the region preclude the use of sulfate-containing fertilizer. 

Since coal gasification has been practiced for many years, it is not surprising that the liter- 
ature covering the removal of ammonia and other impurities is voluminous and repetitious. 
No attempt is made in this chapter to discuss all processes that have been developed; instead, 
detailed descriptions are presented for processes in current use, with emphasis on those that 
appear to be expanding in application. Comprehensive reviews of earlier technologies 
applied to coal gas purification in the 1940s and 1950s are given by Hill (1945), Wilson 
(1943, Wilson and Wells (1948), Bell (1950), and Key (1956). Updates covering coke oven 
gas and effluent treatment technology as of the mid to late 1970s are provided by Grosick 
and Kovacic (1981) and Massey and Dunlap (1975). 

The proposed construction of very large oxygen- (or air-) blown coal gasifiers to provide 
feed for combined cycle power plants or for the synthesis of fuels and chemicals is a rela- 
tively recent development. Many more such plants have been designed and studied than 
actually built, and, with the exception of the large Lurgi gasifier installation in South Africa, 
plants built to date have been aimed primarily at process development and demonstration. 
The designs typically include a water wash (or quench) step immediately downstream of the 
gasifier to clean and cool the gas. The resulting sour water contains ammonia, hydrogen sul- 
fide, and other soluble impurities. In most gasification plant designs, the sour water under- 
goes phenol extraction, steam stripping, and finally biological oxidation before disposal. 
Vapors from the sour water stripper are generally processed for ammonia recovery. Detailed 
flow diagrams of typical water processing systems for coal gasification plants are given in 
the United States DOE Coal Conversion Systems Technical Data Book (1982). 
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Figure 4-9. Nomogram for estimating density, viscosity, and vapor pressure of aqueous 
(NH,JS04 solutions and the solubility of ammonium sulfate in water. Data of Tans (195s) 

Petroleum refineries handling heavy crudes, tar sands, or shale oil typically encounter 
ammonia in the gas streams from catalytic crackers, cokers, and other high temperature oper- 
ations. It is considered important to remove the ammonia and associated impurities as soon 
as possible after production to avoid corrosion and plugging of downstream equipment. This 
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is normally accomplished by water washing. In a fluid catalytic cracker (FCC) system, for 
example, Strong et al. (1991) suggest injecting water into the main fractionator overhead 
vapor line and downstream of each stage of gas compression. Sour water containing dis- 
solved ammonia, hydrogen sulfide, chlorides, and cyanides is drawn off at separators located 
at appropriate points in the circuit and collected for processing in a sour water system. 
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Scrubbing 

The principal approaches used commercially for ammonia removal from gas streams are 
shown in Figure 410. The gas may be contacted with ammonium phosphate solution for the 
regenerable absorption of ammonia in accordance with the Phosam process, passed through 
a strong acid solution for the non-regenerable formation of an ammonium salt (direct and 
semi-direct processes), or scrubbed with water to form a sour water product containing the 
ammonia along with other impurities. 

Although small quantities of sour water may be disposed of by injection into deep wells or 
by adding to the plant waste water disposal system, these are not viable options for most 
plants. Normally the sour water is either processed in a sour water stripper (SWS), which 
produces a vapor phase containing both ammonia and acid gases, or it is selectively stripped 
in a two-column system such as the Chevron WWT process, which produces separate ammo- 
nia and hydrogen sulfide-rich gas s t r m s .  

As indicated in Figure 4-10, the vapor from a sour water stripper may be processed in a 
Phosam-W unit, reacted with strong acid (the indirect process) or disposed of by oxidation in 

Stripping 
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an incinerator or sulfur plant or by catalytic decomposition to nitrogen and hydrogen. The 
ammonia-rich vapor produced in the Chevron WWT process is typically purified to produce 
anhydrous ammonia as shown in Figure 4-10; however, it may also be combusted if ammo- 
nia recovery is not economical. 

The terms “direct,” “indirect,” and “semi-direct” are used primarily in conjunction with 
coal-gas purification. In the direct process, the hot gas from the coke ovens is passed directly 
through concentrated sulfuric acid to produce ammonium sulfate. The process is fraught with 
operational difficulties and is no longer of commercial interest. In the indirect process, which 
is the oldest of the three, all of the ammonia is removed from the coke-oven gas by water 
washing; while in the semi-direct process, the gas is fiist cooled to condense out tar and a 
small volume of ammonia-containing water, then reheated and reacted with sulfuric acid as 
in the direct process. Both the indirect and semi-direct processes are currently used in coking 
plants. The processes identified in Figure 4-10 are described in the following sections. 

Water Scrubbing 

Coke-Oven Gas Processing 

The basic processes used in handling coke-oven gas have not changed greatly in many 
years. Typically, hot dirty gas from the coke ovens undergoes the following steps prior to 
ammonia and acid gas removal: 

1. The gas is precooled by direct contact with a large volume of a mixture of coal tar and 
weakly ammoniacal aqueous solution which is sprayed directly into the collection main. 
During this operation the gases are cooled to about 75” to 100°C (167” to 212”F), and 
most of the fixed ammonium salts (typically about 30% of the ammonia originally present 
in the gas) as well as a major quantity of the tar are removed. The liquid, which is known 
as the “flushing liquor,” is recycled to the collecting main after most of the tar has been 
decanted. A portion of the flushing liquor is continuously withdrawn from the cycle, com- 
bined with other liquid streams containing relatively low concentrations of ammonia (the 
so-called “weak ammoniacal liquor”) and further processed for recovery of the ammonia. 
The liquid removed from the cycle is replaced by condensate from subsequent coolers. 

2. The gas is further cooled to a temperature of 28”-3OoC (82’436°F) in primary coolers, 
which may be direct or indirect. Direct coolers are towers in which the gas is cooled by 
direct contact with a countercurrent stream of weakly ammoniacal solution. Packed towers 
were formerly used for this service, but naphthalene buildup on the packing caused exces- 
sive maintenance, and all recent installations have employed spray towers. The hot solu- 
tion leaving the bottom of each tower is passed through water-cooled coils and recycled to 
the top of the tower. A portion of the circulating liquid is continuously withdrawn and 
added to the flushing liquor. Indirect coolers are shell-and-tube heat exchangers with cool- 
ing water flowing through the tubes. Condensate from indirect coolers, which contains 
some light tar and about 40% of the ammonia originally present in the coal gas, mostly as 
free ammonia, is collected in a decant tank. The tar is separated and the aqueous phase is 
added to the circulating flushing liquor. 

3. The cooled coke-oven gas is normally passed through an electrostatic precipitator to 
remove fine droplets of tar, then compressed in an exhauster to a pressure of about 2 psig 
(Svoboda and Diemer, 1990). 
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The sequence of these steps may vary depending upon the overall process employed. 
When the ammonia is to be removed by water scrubbing prior to acid gas removal, the gas 
must be cooled again to remove the heat of compression. The required secondary cooler is 
typically installed in the bottom of the ammonia wash tower. A diagram of the water wash 
ammonia removal process, including the stripping section, is shown in Figure 4-11; typical 
compositions for key flow streams, as reported by Svoboda and Diemer (1990), are given in 
Table 4-8. 

Coke-oven gas from the exhauster, at a temperature of 45"-55"C (1 13"-13loF), is cooled 
in the secondary cooler to about 28°C (82"F), then enters the absorption section of the ves- 
sel. A portion of the rich solution from the absorber is cooled and recycled over the bottom 
packed section to remove the heat of reaction and provide a high liquid flow rate in this 
zone. Cooled excess flushing liquor, which is a dilute solution of ammonia, is fed into the 
column in the lower third of the vessel. Water from the free ammonia stripper is fed into the 
top of the absorber. This water still contains f i e d  ammonia, but since this form of ammonia 
has a negligible ammonia vapor pressure, it does not significantly affect the gas purity attain- 
able. According to Svoboda and Diemer (1990), this type of washer typically reduces the 
ammonia content of coke-oven gas from 200-500 g/lOO scf to 2-7 gll00 scf. 

Rich solution from the bottom of the wash tower is preheated by heat exchange with 
stripped water then fed to the top of the free ammonia stripper, which operates with direct 
steam injection at the bottom. Stripped water from this column is cooled and recycled to the 
top of the wash column. Excess stripped water, which still contains fixed ammonia, is 
processed in the fixed ammonia stripper before disposal. Caustic soda (or lime) is used to 

Ammonla 
Washer 

E 
L 

Dephlcgmalor 

Cautlic - 

f r e e  Slrlpper Fixed Si- Secondary 
Cookr 

1 W n l e  
wale, 

figure 4-1 1. Coke-oven gas, water-wash flow diagram. From SvofmIA and Diemer (7990) 
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Table 4-8 
Typical Stream Compositions for Water-Wash Process for Ammonia 

Removal from Coke-Oven Gas 

Excess Flushing Rich Solution Ammonia 
Liquor from NH3 Scrubber Still Vapor 

Component vol. % 

NH3, fixed 2.5-5.0 
NH3, free 1.0-2.5 1 0.2-0.4 1 1 :  HzS 
HCN 0.1-0.3 
COZ 0.2-0.5 2.5 

Data of Svoboda and Diemer (195’0) 

H20 balance balance 55.9 

react with nonvolatile acids in the liquid feed to the fixed ammonia stripper to release the 
ammonia and allow it to be steam-stripped from the solution. The design of stripping sys- 
tems is discussed in a later section entitled “Sour Water Strippers.” 

Overhead vapors from both the free and fixed ammonia strippers pass through a dephleg- 
mator (partial condenser) and are then available for further processing to recover or dispose 
of the ammonia and acid gases. Processes for handling the overhead gas product include 

l.,Reaction with strong acid to produce ammonium sulfate (or phosphate) salts and a stream 

2. Phosam process to produce separate streams of pure ammonia and acid gases 
3. Catalytic destruction of ammonia in the presence of H2S to produce a single gas stream 

containing N2, H,, H2S, and other components, which can be recycled to the coke-oven 
gas stream ahead of the desulfurization unit (Svoboda and Diemer, 1990) 

4. Oxidation of both the ammonia and H2S in a Claus Plant or incinerator to produce a tail 
gas containing N,, HzO, and varying amounts of SOz 

of acid gas (the indirect process) 

Ammonia Absorption in Water 

The rate of absorption of ammonia has been studied extensively. A list of key investiga- 
tions is given in Table 4-9. There is general agreement that the operation is gas film-con- 
trolled due to the high rate of reaction of dissolved ammonia with water. A wide range of 
data on the rate of absorption of ammonia in water in packed towers has been presented by 
Fellinger (1941). Examples of his data, in terms of heights of overall transfer units based on 
the gas driving force (HOG), are given in Figures 4-12 and 4-13. Although the charts show 
that the height of a transfer unit (HOG) increases with gas rate (G), indicating poorer perfor- 
mance, the increase in HOG is not proportional to the increase in G; therefore, the absorption 
coefficient also increases. (See Chapter 1 for equations defining HOG.) 
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Table 4-9 
Investigations on the Rate of Absorption of Ammonia in Towers 

I Column 
jiameter 
in. 

Packed 
height 

in. 

46 
41 
41 
41 

Temp., Packing 
material Remarks 

5 “Vermorel” nozzles 

Liquid 

30-750 
21-670 
30-780 
30-780 

Solvent 

Water 
Water 
Water 
Water 

16 
16 
16 
16 

Kowalke, Hougen, 
and Watson (1925) 

19-31 

I 9-3 1 
19-3 I 

19-31 

Rings, I-in. 

Rings, 1-in. 
Rings, 1-in. 

Rings and 
berl saddles, 
%-in., I-in. 

Air 

Air 
Air 

Air 

Water 

Water 
.54.5 N 
HZs04 

.54.5 N 
HZS04 

570-830 

660-710 
1,5261,850 

75-480 

Data of Boden and Squires 

Data of Doherty and 
Johnson 

Sherwood and 
Holloway (1940) -I 100-1,OOO 74-88 

Data of Withers 

12 100-1,Ooo Dwyer and Dodge I (1941) 
Water 

Water 

Water 

Water 

48 

9, 17, 
233, 
25%, 
23% 
20% 

22,25 

26 

20 

20 

20 

5004,500 

5004,500 

5004,500 

200-1,Ooo 

200-1,000 

200-1,000 

,900-1 5,000 

285-900 

Water 

Water 

and Bauer (1950) 

Pigford and Pyle I (1951) Spray tower I Air 31.5 26,52 Sprayco 5-B nozzles 
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Figure 4-12. Values of HOG for absorption of ammonia in water (packed tower, 2-in. 
ceramic raschig rings). Data of FeMnger (1947) 
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Figure 4-13. Values of HOG for absorption of ammonia in water (packed tower, l-in. 
ceramic berl saddles). Data of Feljnger (7947)  

Rates of absorption of ammonia in water in countercurrent s p y  towers have been deter- 
mined by Kowake et al. (1925) and Pigford and Pyle (1951). Data obtained by pigford and 
Pyle are shown in Wgure 4-14 for a 52-in. high spray tower. In this case the data are given 
in terms of the number of transfer units because spray column performance is not proportion- 
al to height. The indicated number of transfer units for the system is almost directly propor- 
tional to the liquid rate because the area for mass transfer increases almost liearly with flow 
rate in spray units. 

Mass transfer data on specific packings a d  gadsolvent systems of interest can often be 
obtained from vendors. For example, Jaeger Products, Inc. (1990) gives the following data 
for the absorption of ammonia by water using Jaeger Tri-Packs, hollow spherical-shaped 
packings made of injection molded plastic: 
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G L Temp. m, inches 
lbhr ftz lbhr ftz "F 2&3H-in. 1-in. 

512 1,024 68 8.4 5.6 
512 4,096 68 5.4 3.6 

G= LB/(HR) (Sa FT I L=LB/(HRl(SO FT) 

Figure 4-14. Number of transfer units for absorption of ammonia in water in a spray 
tower, 52411. high. Data ofPigfordandPyle (7951) 

The data are for three nominal packing sizes (1-in., 2-in., and 3Xin.) and generally indi- 
cate a performance considerably better than comparably sized ring or saddle-type packings. 
Packing (or tray) performance can also be predicted from correlations based on fundamental 
data. Available correlations are discussed in Chapter 1. 

Sour Water Stripping Process 

Sour water strippers are commonly used in refineries and other operations where a stream 
of water is produced containing ammonia and hydrogen sulfide. In most cases the sour water 
also contains carbon dioxide and a number of trace impurities. The principal object of the 
stripper is to remove the ammonia and hydrogen sulfide, typically to levels below 50 ppmw 
NH3 and 10 ppmw H2S, so that the water can be reused or disposed of as normal wastewater. 

Carbon dioxide is not considered to be a noxious impurity in the water; nevertheless, it is 
completely removed with the ammonia and hydrogen sulfide during the stripping operation. 
The presence of phenol in the sour water may require the inclusion of a separate phenol 
extraction step in the water treatment process, while the presence of strong or nonvolatile 
acids can usually be handled in the sour water stripping system by the addition of caustic 
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soda. The caustic soda displaces ammonia by forming stable salts with the acids. As a result 
the product water contains a small concentration of sodium salts, but no significant quantity 
of ammonia. 

Process Description 

A flow diagram of a typical sour water stripping system is shown in Figure 4-15. The 
sour water feed is passed through a separator where floatable light oil and heavy sludge are 
removed. It is next collected in a feed storage tank, which serves to smooth out flow rate and 
composition changes and, after preheating, is fed to the top of the stripping column. Sieve 
tray columns are probably the most popular, although other types of trays and packed 
columns are also used successfully. Both the water-cooled overhead condenserMlux system 
and the steam-heated reboiler system shown in the flow diagram are optional items. The 
overhead vapor stream can sometimes be used without condensation as feed to a sulfur plant 
or incinerator, and stripping vapor can be provided by direct steam (or inert gas) injection; 
however, economics and practical considerations usually favor the arrangement shown for 
all but very small installations. 
Trends in the design of sour water stripping systems as noted by Won (1982) include 

1. Using less steam and more trays to accomplish a given stripping requirement to reduce 

2. Using reboilers instead of direct steam injection to conserve clean condensate and reduce 

3. Using an overhead condenser to provide reflux, particularly when the vapor stream is fed 

4. Using controlled caustic injection to free fixed ammonia 

operating costs 

effluent volumes 

to a sulfur plant 

An American Petroleum Institute (Am) survey (Gantz, 1975) also noted a trend toward 
the use of tray columns instead of packed columns. About 75% of the plants surveyed used 
trays, and all  units built after 1970 used trays. 

Design Approach 

A detailed procedure for designing sour water strippers is outlined by Beychok (1967). 
The Beychok approach is a simple tray-by-tray calculation that starts with a preliminary 
material balance around the tower and assumed values for the number of trays, the column 
top pressure, the individual tray pressure drop, and the stripping steam flow rate leaving the 
top tray. The tray-by-tray analysis begins at the top tray with an estimate of the temperature 
based on the partial pressure of water vapor in the gas phase. An initial value is assumed for 
the NH3RI,S mole ratio in the liquid on the top tray, then this ratio is adjusted as required 
until the composition of the gas and liquid phases leaving the tray are in equilibrium. A 
material balance around the top (first) tray gives the composition of vapor coming frum the 
second tray. 

The total pressure at the second tray is estimated by assuming a pressure drop of about 
0.50 psi per theoretical tray (based on 0.25 psi per actual tray and 50% tray efficiency) and 
the above procedure repeated. The tray-by-tray analysis is continued down the column until 
the liquid leaving a tray meets the product water specification with regard to ammonia and 
hydrogen sulfide content. If necessary, the entire process is repeated with different initial 
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Figure 4-15. Flow diagram of sour water stripper system. From US, DOE, Coal Convemion Systems Data Book (1982) 
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assumptions until good agreement is obtained and optimum design conditions are estab- 
lished. Composition and temperature profiles calculated by Beychok for a sour water stripper 
operating with feed to the top tray and no reflux are shown in Figure 4-16. 

Wild (1979) adapted the Beychok design procedure to a hand calculator. His sample cal- 
culation is of interest in defining typical design and performance parameters for a commer- 
cial sour water stripper. The design is for a stripper to process 100,000 lbhr of sour water 
containing 0.73 wt% H2S and 0.556 wt% NH3 and produce water containing 5 ppm and 20 
ppm of H2S and NH3, respectively. The initial design assumptions are a stripping steam rate 
at the top of the column of 10.2% of the feed (10,200 lbh ) ,  a column top pressure of 30 
psia, and a pressure drop per theoretical tray of 0.45 psia. Results of the calculation, which 
are reported to compare favorably with the results from a commercial computer program, are 
S . in Table 4-10. 

The effect of the quantity of stripping steam and the number of theoretical trays on the 
amount of ammonia remaining in the bottoms liquid of a typical stripper is shown in Figure 
4-17 (Gantz, 1975). For comparison, actual data from a refinery installation (questionnaire 
No. 34 of the API survey) are included on the chart. The actual column, which contains 15 
ft. of 3-in. raschig rings, appears to behave as predicted for a 4.7 themetical tray column, 
indicating a height equivalent to a theoretical tray (€€ETP) of 3.2 ft. In most cases studied, 
HETPs for 3-in. raschig rings averaged 2.5 to 3.5 ft and overall tray efficiencies ranged 
between 30 and 50% (Gantz, 1975). 

The API-sponsored survey of more than 80 sour water stripping operations found that the 
Beychok calculation model correlates satisfactorily with observed results down to an ammo- 
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Figure 4-16. Calculated composition and temperature profile in sour water sftipper. 
From Beychok (MQ. Used wifh permission from John Wiley & Sons, New York 
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Material Balance 
stream 

Table 4-1 0 
Sour Water Stripper Design Calculations; Input Data and Results 

Pounds per hour 

H20 NH3 H2s 

Steam rate from reboiler, l b h  
Number of theoretical trays needed 

Sour water feed 
Tower bottoms 
Overhead vapors 
Reflux 
Tail gas 

18,158 
11 

98,714.00 556.00 730.00 
98,292.43 1.97 0.49 
10,200.00 1,740.82 1,45 1.06 
9,778.43 1,186.79 721.55 
421.57 554.03 729.51 

Temperatures, O F  

Feed 
Reflux drum 
Bottoms 

199 
184 
259 

Pressures, psia 
Tower top 
Reflux drum 
Pressure drop per theoretical tray 
Reboiler 

30 
27.2 
0.45 

35.00 

nia concentration in the liquid phase approaching that of the fmed ammonia (Gantz, 1975). 
Measured H2S and N H 3  concentrations in the reflux drum were found to be considerably less 
than predicted by extrapolation of the van Krevelen et al. (1949) data. Obviously, the accura- 
cy of the design predictions is influenced by the quality of the equilibrium data used. 

Both the Beychok (1967) and Wild (1979) design procedures make use of the van Kreve 
len et al. (1949) vapor-liquid equilibrium correlation: however, the same basic tray-by-tray 
approach can be used with any consistent set of equilibrium data. The SWEQ correlation 
(see Figures 4-4,444-6, and 4-7) is believed to be adequate for most preliminary designs; 
however, the GPSWAT program described by Gerdes et al. (1989) probably represents the 
most comprehensive and accurate data currently available. 

The GPSWAT program is written in standard Fortran 77 and consists of a major program 
and 17 subroutines. It is set up for five calculation options: 

1. Equilibrium flash, with the stream composition, temperature, and pressure specified 
2. Bubble point, with the liquid composition and temperature specified 
3. Bubble point, with the liquid composition and pressure specified 
4. Dew point, with the gas composition and temperature specified 
5. Dew point, with the gas composition and temperature specified 
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Figure 4-17. Effect of stripping steam and number of trays on sour water stripper 
performance. From Gantz (1975). Reproduced with permission thm Hydrocarbon 
Processing 

In each case, the unspecified temperature, pressure, and composition will be cdculated. 
The pH can also be calculated, or a specified pH can be imposed on the calculation in which 
case the required amount of caustic will be calculated. The GPSWAT model is useful in pre- 
dicting the composition of sow water that will result from a high pressure gadwater contact 
or in designing a sour water stripping system using either manual or computerized column 
design techniques. 

Hant Opentiom 

The sow water stripper system represents a very simple separation process, which gener- 
ally operates in a predictable and straigh~rward manner. The three main problems encoun- 
tered in many installations are: (1) the presence of fixed ammonia, (2) the presence of phe- 
nols, and (3) corrosion. 

Ammonia is fixed, so it is not readily vaporized in the stdpper, by the presence of non- 
volatile or strong acids in the feed stream. The acids may be weak (e.g.. benzoic acid) or 
strong (e.g., hydrochloric acid). One souroe of acid is the oxidation of sulfur compounds in 
the sour water to form, for example, thiosulfuric acid. This source can be minimized by pre 
venting contact of the sour water with air at any point in its gathering and processing. 
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Fixed ammonia can be released during stripping by the addition of caustic soda. A study 
of caustic addition by Bomberger and Smith (1977) indicates that the addition of caustic 
does not interfere with hydrogen sulfide removal provided the caustic is added in an amount 
equivalent (on a molar basis) to the fixed ammonia in solution. They conclude that it is more 
efficient to add the caustic at the top of the column with the feed stream than to add it lower 
in the column in practice, an excess of caustic is added near the bottom to avoid interference 
with hydrogen sulfide stripping. 

One problem with phenol in the sour water is that a column designed specifically to 
remove a high percentage of the ammonia and hydrogen sulfide is capable of removing only 
a relatively small fraction of the phenol. This is due to the low volatility of phenol, not to a 
low tray efficiency for phenol removal. Won (1982) studied the individual tray efficiencies 
for ammonia, hydrogen sulfide, hydrogen cyanide, and phenol in sour water strippers and 
found that ammonia and phenol have relatively high tray efficiencies (about 70%) while 
hydrogen sulfide, hydrogen cyanide, and a phenolic mixture have low efficiencies (about 20 
to 40%). He used commercial column performance data published by the API which general- 
ly showed that 8- to 10-tray (actual) columns removed only about onehalf the phenol when 
operated at steam rates of 1.0 to 2.7 lb/gal. If this level of phenol removal is not adequate, 
the column can be designed specifically for phenol removal, or a phenol extraction system 
can be installed to treat the sour water feed before it enters the stripper. The latter approach 
is generally preferred if significant amounts of phenol are present. 

Sour water strippers are generally constructed of carbon steel and only minor corrosion is 
reported in the tower, trays, and feed-to-bottoms heat exchangers (Gantz, 1975). Materials 
experience and corrosion problems in sour water strippers are discussed in two API reports 
(1974, 1976). Significant corrosion has been encountered in the overhead systems of 
refluxed towers when the overhead systems were constructed of carbon steel. The API 
reports indicate that titanium is very resistant to corrosion in such situations. 

Ammonium Salt Production 
The Direct Process 

This process, which was proposed by Brunck (1903), is designed to eliminate the necessi- 
ty of recovering ammonia from aqueous solutions before its conversion to ammoniUm sul- 
fate. The hot gas leaving the retorts or coke-ovens is kept at a temperature above its water 
dew point and passed directly through concentrated sulfuric acid. During absorption of the 
ammonia, an appreciable portion of the tar is also removed from the gas; this results not only 
in serious contamination of the ammonium sulfate, but also in acid degradation and contami- 
nation of tar. In addition, ammonium chloride contained in the gas is decomposed by the 
concentrated sulfuric acid, and the hydrogen chloride evolved causes extremely severe corm- 
sion of the equipment. Some of the difficulties of the process can be alleviated by installation 
of very elaborate tar-separation systems; others, however, have proved to be almost insur- 
mountable, and, as a result, the process has only been used in a few installations. The relative 
merits of the process as compared with the indirect and semi-direct methods are discussed in 
some detail by Ohnesorge (1910, 1923). 

The Indirect and Semi-direct Processes 

The indirect process requires that the ammonia in the gas f i s t  be removed by a water 
wash operation as described in the previous section entitled “Coke-Oven Gas Processing.” 
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The stripper overhead vapor from this process is then passed through a “saturator” contain- 
ing sulfuric acid to produce ammonium sulfate crystals. 

The semi-direct process, which was developed by the Koppers Company, Inc. (1907) and 
is now licensed by ICF Kaiser Engineers, is a combination of the direct and indirect process- 
es. A schematic flow diagram is shown in figure 4-18. Gas evolved in the coke ovens is 
first treated in a manner similar to that described in the “Coke-Oven Gas Processing” sec- 
tion, steps 1 through 3. 

After flowing through the electrostatic tar precipitator and exhauster, the gas flows 
through a reheater where its temperature is raised above its dew point, usually to about 60°C 
(180°F). The reheated gas (which may also contain the overhead vapor from an ammonia 
still) flows to the saturator where the ammonia is removed by reaction with a strong acid, in 
most cases sulfuric acid. The ammonia-free gas, which still contains most of the originally 
present weakly acidic gases, passes to the light-oil recovery and desulfurization operations. 

Absorption of ammonia in acid (typically sulfuric acid) is carried out in a vessel called the 
“saturator.” A diagrammatic view of a typical unit is shown in Figure 4-19. A discussion of 
different saturator designs is presented by Otto (1949). Saturators are usually lead- or stainless 
steel-lined, although other materials such as Monel or acid-resistant refractories may also be 
used. A concentration of approximately 5 to 7% free acid is maintained in the saturator liquid 
by continuous addition of 60” BC (77.6%) sulfuric acid. Periodically, usually every 24 hr, the 
liquid level in the saturator is raised and the b a c i d  content is increased to 10 to 12%. This 
is done to dissolve crystals of ammonium sulfate which have accumulated on the vessel walls 
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Figure 4-18. Diagrammatic flow sheet of semi-direct ammonia-removal process. 
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Figure 4-19. Saturator for production of ammonium sulfate. 

and in the distributor pipes. The salt crystals formed are continuously removed from the bot- 
tom of the saturator by means of a compressed-air ejector. Liquid adhering to the crystals is 
first removed in a settling tank, then in a centrifuge, and is recycled to the saturator. 
In the semidirect process the gas enters the saturator at a temperature of 50" to 60°C (122" 

to 140°F) which, together with the heat Liberated by the reaction, is sufficient to maintain the 
saturator-bath temperature at approximately 60°C (140°F). Since the gas entering the satura- 
tor is unsaturated with water vapor, a considerable amount of water is evaporated from the 
aqueous acid solution, and the saturator functions in effect as an evaporator. Much higher 
temperatures-about 100°C (212"F)-are required in saturators operating in conjunction 
with installations using the indirect process, in which the effluent gases from the ammonia 
still are saturated with water at 75" to 80°C (167" to 176°F). Thermal equilibria in saturators 
operating in indirect, direct, and semidirect processes are discussed in detail by T e r n  and 
Patscheke (1931). A comprehensive review of ammonium sulfate production from by-prod- 
uct ammonia is given by Hill (1945). 

Diammonium phosphate may be obtained by using furnace phosphoric acid in convention- 
al saturators. However, temperature control is somewhat more critical, and Monel is not suit- 
able as a construction mated. Production of many other ammonium salts, such as nitrate, 
bicarbonate, monophosphate, and others, has been proposed, but none of these are being 
manufactured on a large commercial scale. 

The main advantage of the semi-direct process over the indirect process is the fact that 
less than half the volume of aqueous ammonia solution is produced, and, therefore, the steam 
requirements for the ammonia distillation and operating costs are appreciably lower. In addi- 
tion, the process has some flexibility because part of the ammonia can be converted to prod- 
ucts other than the ammonium salts of strong acids. Furthermore, first cost and ground-space 
requirements are less than for installations using the indirect process, and, finally, smaller 
ammonia losses are incurred. 



Removal and Use of Ammonia in Gas Purification 31 1 

Phosam and Phosam-W Processes 

The Phosam technology was initially developed by USX Corporation to remove ammonia 
from coke-oven gas and recover it as pure anhydrous ammonia. It is called the Phosam 
process when applied to coke plants (i.e., removal of ammonia from coke-oven gas, removal 
of ammonia from the overhead vapor stream of an ammonia liquor distillation column, or 
removal of ammonia from the overhead stream of a deacidifier column ahead of a Claus 
plant). It is designated as the Phosam-W process when used for any other application (i.e., 
chemical plants, coal gasification systems, shale oil processing plants, and petroleum refiner- 
ies). The Win Phosam-W is related to its use for the treatment of sour water (Busa, 1992). 

The technology is covered by U.S. Patents 3,024,090,3,186,795, and 3,985,863 as well as 
patents in Canada, Germany and, Great Britain. Aristech Chemical Corporation is the propri- 
etor of the Phosam and Phosam-W processes, and USX Engineers and Consultants, Inc. 
(UEC) has exclusive licensing rights worldwide. Detailed descriptions are given in UEC 
sales literature and in papers by Rice and Busa (1984,1985) and Busa and Cole (1986). 

Work on the Phosam Process began in the late 1950s and the first full-scale commercial 
plant was started up at USS Clairton Works in 1968. By 1994, twenty-four different compa- 
nies worldwide had installed or licensed the Phosam process, while ten companies had 
installed or licensed the Phosam-W version. 

Process Description 

Typical flow diagrams for the Phosam and Phosam-W processes are given in Rgures 4-20 
and 4-21. It should be noted that the processes are identified by application, not flow arrange- 
ment, and the illustrated diagrams are not the only possible systems for either version. For 
example, when ammonia is removed from coke-oven gas by water washing and stripping, 

~~ 
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Figure 4-20. Flow diagram of typical Phosam process in a coke plant. From USX 
Engineers and Consultants, Inc. (1991) 
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Figure 4-21. Flow diagram of Phosam-W process. From USXEngineers and 
Consultan$ Inc. (7991) 

the Phosam absorber would be installed to scrub ammonia from the stripper overhead vapor 
as illustrated for the Phosam-W case. 

Refemng to Figure 4-20, which represents a typical mosam plant, the coke-oven gas 
(after cooling and cleaning to remove entrained solids, water, and tar) enters the bottom of 
the absorber where it is contacted countercurrently with an aqueous solution of ammonium 
phosphate. About 99% of the ammonia is removed from the gas stream in the absorber. The 
ammonia-free product gas is suitable as feed for a variety of processes to remove hydrogen 
sulfide and other impurities. The ammonia-rich solution is drawn off the bottom of the 
absorber for regeneration. 

The Phosam absorber generally operates at the pressure and temperature of the coke-oven 
gas at that point in its circuit. A temperature of about 50°C (122°F) is typical, although 
effective absorption can be attained at temperatures as high as 100°C (212°F). 

Ammonia-rich solution from the bottom of the absorber is pumped through heat exchang- 
ers where its temperature is increased by the absorption of heat from stripper off-gas and 
lean solution streams. It then enters the stripper, which operates at an elevated temperature of 
about 170" to 200°C (338" to 392°F) and a high pressure-typically 1,300 kPa (190 p s i g h  
to assure separation of the ammonia from the aqueous solution of ammonium phosphates 
(Rice and Busa, 1984). Heat and stripping vapor may be provided by a reboiler, the direct 
injection of steam, or a combination of both. 

Overhead vapor from the stripper, containing typically about 20% ammonia, 80% water 
vapor, and a small amount of impurities is condensed in two stages to produce impure aqua 
ammonia. When anhydrous ammonia is the desired end product, the aqua ammonia is 
pumped to a fractionator which separates ammonia and water. The fractionator is typically 
operated at a high enough pressure to permit the ammonia overhead vapor to be condensed 
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at the temperature of the available cooling water. Part of the liquid ammonia is used as reflux 
and the balance is taken off as a salable product. 

The Phosam-W process shown in Figure 4-21 differs from the system of Figure 4-20 pri- 
marily in the front-end configuration. Sour water from the refinery or other non-coke-oven 
operation is processed in a conventional sour water stripper. The stripped water can be 
reused in the plant or further processed for disposal. The vapor phase, containing, for exam- 
ple, 10% NH3, 10% H2S and C02, and the balance steam with traces of HCN and volatile 
organics, is fed into the Phosam absorber. Absorber conditions for this case are approximate- 
ly 90"-100°C (194"-212"F) and 35-70 kPa (5-10 psig). About 95-99% of the ammonia is 
removed from the vapor phase passing through the absorber. 

Vapor leaving the top of the absorber is next passed through an after-condenser where a 
small portion of the water vapor is condensed. The resulting small stream of sour water is 
recycled to the. sour water stripper. Rich solution from the absorber is recycled around the 
bottom of the absorber to maximize its loading with ammonia. The net rich solution product 
is fed to the regeneration stage which is similar to that of the Phosam process. 

Process Chemistry 

The process uses a conventional absorption-regeneration cycle in which a thermally unsta- 
ble compound i s  formed during absorption and decomposed by an increase in temperature 
and the presence of stripping vapor during regeneration. The chemistry is simple and can be 
represented approximately by the conversion of monoammonium phosphate to diammonium 
phosphate as follows: 

In practice, the reactions are not carried to completion in either direction. The mole ratio 
NH3/HPo4 shifts from the range of 1.2-1.4 in the lean solution to 1.7-2.0 in the rich solution 
(Rice and Busa, 1984). In effect the dissolved salt has the formula, (NI-I&H3-,P04, where n 
varies from less than 1.4 in the lean solution to over 1.7 in the rich solution. The concentra- 
tion of salt in the circulating solution is maintained well below the limit of solubility of the 
existing salt forin at all points in the circuit to avoid the formation of solid salt crystals. 

Since phosphoric acid is essentially nonvolatile, thermal decomposition of diammonium 
phosphate in solution yields only amrnonia gas in the vapor phase. The phosphate ion is 
extremely stable and is not altered in the process; therefore, no blowdown is required and 
only a small makeup of phosphoric acid is needed to compensate for unavoidable mechani- 
cal losses. The small amount of acid gases, acidic organics, and neutral compounds that are 
co-absorbed with the ammonia are either recycled to the absorber or reacted with caustic 
soda to prevent corrosion and ammonia product contamination in the fractionator. 

Performance 

Ammonia produced by the process will readily meet commercial or fertilizer grade speci- 
fications (99.5% minimum ammonia content, 0 .245% wt. water, 5 ppm max. oil) for which 
there is a ready market. The fractionation system has the capability of producing an even 
purer ammonia when a market exists for such a product. 
In plants where the hydrogen sulfide is ultimately converted to elemental sulfur, removal of 

ammonia from the acid gas stream greatly improves the operation and economics of the sulfur 
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plant. This is because ammonia tends to form compounds that plug the catalyst beds and extra 
air is required to completely oxidize any ammonia in the feed gas. The presence of ammonia 
in the feed to a sulfur plant also requires the use of high efficiency burners to assure the corn 
plete destruction of ammonia before all oxygen is consumed by hydrogen sulfide. 

Capital and Operatin@ Costs 

According to USX Engineers and Consultants, Inc. (1991), a Phosam Process plant is 
competitive with other available processes for removing ammonia from coke-oven gas, 
including ammonium sulfate production and ammonia destruction by incineration, and is a 
more compact system than either of these alternatives. They have provided the data given in 
Table 4-11 as an aid to estimating projected operating costs. Data are not provided for 
Phosam-W installations because they are normally very site specific. 

Chevron WWT Process 
A process for treating ammonia-containing sour water generated during petroleum refin- 

ing operations has been developed by the Chevron Research and Technology Company. It is 
anticipated that the process will also be applicable to the high-ammonia sour water produced 
in shale oil and tar sands processing plants. In this concept, which is called the Chevron 
WWT (waste water treatment) process, relatively pure streams of ammonia, acid gas, and 
stripped water are produced. According to the developer, approximately one new WWT 
plant per year is licensed, as of mid-1992 approximately 20 plants were operating world- 
wide. Descriptions of the process are given by Annessen and a u l d  (1971), Leonard et al. 
(1984, 1985), Busa and Cole (1986), and, more recently, by Bea and Wardell (1989). 

Conventional sour water stripping systems use a single column and produce a vapor 
stream containing both ammonia and hydrogen sulfide. This mixed vapor stream may be fed 
to a Phosam unit, passed through a strong acid ammonia absorber, fed to a sulfur recovery 
unit, or incinerated. The WWT process also accomplishes sour water stripping, but uses a 
two-column stripping system that separates the ammonia and acid gases. 

Table 4-1 1 
Operating Requirements for Phosam Process Plants 

Chemicals and Utilities Per kg NH3 

H3P04 Makeup (as 100%) 0.0075 kg 
NaOH (as 100%) 0.01 kg 
Steam (250 psig) 10-1 1 kg 
Electricity 0.22 kW 
Cooling Water (per "C temp rise) 3.5-5.0 m3 

Labor for Operation and Analytical Control 

I Men per shift less than 2 I 
Data provided by USX Engineers and Consultants, Inc. (1991) 
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The production of separate ammonia-rich and acid gas-rich streams offers the following 
advantages: 

1. Removal of ammonia from feed to a conventional sulfur recovery plant reduces sulfur 

2. Ammonia-free hydrogen sulfde can be used as feed to a sulfuric acid plant. 
3. The ammonia stream can be converted to a salable byproduct or burned without producing 

plant operating problems and improves economics. 

so*. 

m e s s  Descw;Otion 

As shown in Figures 4-22 and 4-23, the Chevron WWT process incorporates the follow- 
ing steps: 

1. Degassing and feed storage 
2. Acid gas stripping 
3. Ammonia stripping 
4. Ammonia purification and recovery 

Plants have been designed to handle sour water feeds containing 0.3 to 6.0 wt% N H 3  and 
0.3 to 10 wt% H2S and can be designed to handle even higher concentratians of these two 
ingredients as well as high levels of COz (Bea et al., 1989). When large volumes of dilute 
sour water are to be processed, it is often economical to use a preconcentrator ahead of the 
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Recycle from 
Ammonia Stripper 

Stripped Water to 
Reuse or Disposal 
4 0  ppm, Ammonia 
<I 0 ppm, Hydmgen 
Sulfide Feed Tank 

Figure 4-22. Flow diagram of Chevron WWT process. From Bea eta/- (7989) 
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Figure 4-23. Chevron WWT process; ammonia recovery options. From Bea et a/. (7989) 

system illustrated in Figure 4-22. The preconcentrator consists of a distillation column, 
which produces a bottom product of stripped water of equal quality to that produced in the 
WWT plant, and an overhead product, which contains essentially all the ammonia and 
hydrogen sulfide contained in the original feed, but in a more concentrated form. This con- 
centrated sour water then serves as feed to the WWT plant. 

In a typical WWT plant, as illustrated in Figure 4-22, the sour water feed is diluted with a 
recycle stream of condensate from the ammonia stripper; cooled and fed to a degassing unit, 
which removes dissolved inert gases; and then directed to a feed storage tank. The recycle 
condensate contains a significant concentration of ammonia and this helps hold acid gases in 
solution in the degassing unit and feed storage system. The feed storage tank smooths out 
fluctuations in sour water feed rate and composition and, in addition, provides time for liquid 
hydrocarbons and solid particles to separate from the aqueous phase. 

Sour water from the feed storage tank is pumped at a constant rate through a heat 
exchanger, which raises its temperature while cooling water from the ammonia stripper, and 
then fed into the H2S stripper. The H2S stripper is a distillation column, operating at a pres- 
sure of about 100 psig, with a steam-heated reboiler at the bottom and a flow of stripped 
water at the top to provide reflux. Overhead vapor from the H2S stripper is primarily H2S, 
containing less than 100 ppm NH3 and saturated with water vapor at the operating tempera- 
ture of about 100°F. It also contains any C02 that is present in the sour water feed. 

The liquid aqueous stream from the bottom of the H2S stripper, containing essentially all 
of the hFI3 and some of the H2S, flows to the NH3 stripper, which operates at a lower pres- 
sure (typically 50 psig). This stripper is also a reboiled distillation column. Reflux is provid- 
ed by recycling water condensed from the overhead vapor stream. Part of this condensate is 
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recycled to the sour water feed to the plant. The vapor stream, which is primarily ammonia 
saturated with water vapor at the condenser temperature, is sent to the ammonia disposal or 
recovery system. 

The liquid product from the bottom of the ammonia stripper is clean water containing less 
than 50 ppm NH3 and less than 10 ppm H2S. After passing through a heat exchanger, where 
it is cooled while heating the sour water feed stream, and after further cooling, if necessary, 
the water is suitable for reuse in refmery processes or for disposal with other waste waters. 

The vapor product from the ammonia stripper can be processed by one of the options 
shown in Figure 4-23 for recovery or disposal of ammonia. When the quantity of ammonia 
produced or the local ammonia market make the production of salable ammonia uneconomi- 
cal, the ammonia-rich vapor can be incinerated by using it as fuel in a process furnace or 
boiler. To prevent air pollution it may be necessary to scrub the ammonia-rich stream with 
water before burning it. This generates a small amount of sour water, which can be recycled 
to the plant feed stream. 

The production of anhydrous or aqueous ammonia requires that the ammonia stripper 
overhead stream be further purified to remove H2S. Two steps of water scrubbing are 
required for the production of anhydrous ammonia, while the production of aqueous ammc- 
nia may be accomplished with either one or two scrubbing steps depending on the desired 
product purity. Typical product specifcations for the Chevron WWT process are given in 
Table 4-12. 

Process Economics 

Plant investment and utility requirements for a typical 200 gpm sour water WWT plant are 
given in Table 4-13. In many cases the higher investment cost and utility requirements of the 
ammonia recovery option are more than offset by the byproduct value of the ammonia prod- 
uct. The disposition of the ammonia product from 15 WWT plants was reported by Bea et al. 
(1989) to be as follows: seven utilized ammonia incineration; four produced ammonia for 
industry, and agriculture; and four used the ammonia to produce nitric acid. 

Table 4-12 
Typical Product Specifications: Chevron WWT Process 

Hydrogen Stripped Anhydrous** Anhydrous Aqueous 
Sulfide Water Ammonia Ammonia Ammonia 

Form Gas Liquid Gas Liquid Liquid 
Ammonia, ppm e100 e50 
Hydrogen Sulfide, ppm - <lo < 1500 45 <2 
Water, Wt I 0.1 - 1.5 0.4 75* 
Temperature, OF 100 100-200* 100 100 100 
Pressure, psig 25-100* - 40 200 35 

- - - 

*As required 
**For incineration 
From Bea et al. (1989) 
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Table 4-1 3 
Chevron WWT Process Economics; Ammonia Incineration vs. Ammonia Recovery 

NH3 Incineration NH3 Recovery 
~ ~ ~ 

Investment, $ 5,100,000 
Utilities 

150 psig Steam, lbhr 45,700 
Cooling Water, gpm 4,600 
Electric Power, kW 74 
Deaerated Condensate, gpm 20 

7,100,000 

46,100 
5,100 

278 
20 

Design Basis 

Sour Water, Rate, gpm 
Ammonia 

Wt % 
Tonslday 

w t  % 
Tondday 

Hydrogen Sulfide 

200 

2.5 
30 

5.0 
60 

From Bea et al. (1989) 

Leonard et al. (1984) present a comparison of the economics of using the WWT process to 
produce ammonia versus the use of a sour water stripper with the product gas going to a sul- 
fur recovery plant. The study is based on plants processing 285 gpm of sour water containing 
3.1 wt% ammonia (47 tonslday) and 6.2 wt% H2S (94 tondday). They conclude that the 
investment cost for a sour water stripper system would be about $1 million (12%) more than 
for a WWT system when the extra costs to enable the sulfur and tail gas plants to handle the 
ammonia are added to the base cost of the SWS system. Operating costs are about $120,000 
per year higher for the WWT system assuming credits of $2.6 million per year for ammonia 
sold (at $165/ton), and $1.4 million per year for ammonia burned to produce steam in the 
sulfur plant. Clearly, generalizations cannot be made with regard to the most economical 
approach; each case requires a site-specific evaluation. 

The recent development of Claus plant sulfur furnace burners that can handle acid gas 
streams containing significant percentages of ammonia can improve the economics of simple 
sour water stripper-sulfur recovery unit systems. Such burners are available from LD Duiker, 
B. V. of Holland (1990) and Lurgi Corporation (Fischer and Kriebel, 1988). See Chapter 8 
for additional information on sulfur plant burners. 

USE OF AMMONIA TO REMOVE ACID GASES 

The use of ammonia to remove hydrogen sulfide and carbon dioxide from gas streams has 
declined in recent years; however, the process is still used to desulfurize coke-oven gas in a 
number of installations. Ammonia-based hydrogen sulfide removal processes are offered by 
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the Krupp Wilputte Corporation (1988), Davy-Still Otto (1992), and Mitsubishi Kakoki 
Kaisha, Ltd. (Fumio, 1986). 

Processes have also been developed which use aqueous ammonia solutions to remove car- 
bon dioxide from synthesis gas. The use and relative economics of ammonia-based carbon 
dioxide processes as of the late 1950s have been described by Mullowney (1957). Ammonia 
has the advantage for such applications of being essentially unaffected by the presence of 
carbonyl sulfide, carbon disulfide, hydrogen cyanide, and hydrogen sulfide. However, the 
process is more complex than those based on nonvolatile alkaline absorbents and is not capa- 
ble of providing very low levels of carbon dioxide in the product gas. As a result, the process 
is seldom considered for new commercial applications. A detailed discussion of the history 
of ammonia use for acid gas removal and descriptions of many processes that are no longer 
of industrial significance are given in previous editions of this book and in the Chemistry of 
Coal Utilization (Lowry, 1945), including the first and second supplements (Lowry, 1963; 
Elliott, 1981). 

Basic Chemistry 

The reactions occurring in the system comprised of ammonia, hydrogen sulfide, carbon 
dioxide, and water can be represented by the following equations: 

NH3 + H20 = NH40H (4-15) 

NH3 + H2S = W H S  (4-16) 

2NH3 + H2S = (NH&S (4- 17) 

2NH3 + C02 = NH2COON& (4-18) 

NH, + C02 + H20 = N&HC03 (4-19) 

2NH3 + CO2 + H20 = (NH&C03 (4-20) 

NH2COOW+ H20 = (NH4I2CO3 (4-21) 

(NH&C03 + H2S = NH4HC03 + N h H S  (4-22) 

(NH&S + H2C03 = NH&C03 + N h H S  (4-23) 

NH4HS + HzCO3 = NH4HC03 + H2S (4-24) 

Van Krevelen et al. (1949) have shown that under equilibrium conditions the ionic species 
NH4+, HC03-, NH2COO-, and C03', as well as undissociated N H 3 ,  are present in aqueous 
solution in measurable quantities. The same authors state that under most conditions H2S is 
present in the form of HS- ions. When the pH of the solution is below 12 the sulfide ion con- 
centration is negligible, and even at pH 12 this ionic species amounts to only 0.1% of the 
fixed hydrogen sulfide. 
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The following equations present heats of reaction (based on published heats of formation) 
for the four reactions most predominant in processes using ammonia for the removal of 
hydrogen sulfide and carbon dioxide from gases: 

2NH3(g) + HzS(g) += (NH&S (as) - AH = 39,600 Btdlb mole (77°F) (4-25) 

NH3(g) + H2S(g) + (NXJHS (aq) - AH = 34,800 B t d b  mole (77°F) (4-26) 

2m3(g) + c02(g) + HzO(1) += (m)2CO,(aq) - AH = 73,200 B t d b  mole (77°F) (4-27) 

2NH3(g) + CO,(g) + NJ&CO2NH* (aq) -AH = 61,100 B t d b  mole (77°F) 

The absorption of ammonia into water is quite rapid and governed almost entirely by the 
gas-film resistance; in fact, this is the classical system for chemical engineering studies of gas- 
film resistance. The rate of absorption of hydrogen sulfide into aqueous ammonia solutions is 
also rapid although it is dependent upon the ammonia concentration. In the presence of an ade- 
quate concentration of ammonia at the interface, it is probable that the rate of this absorption is 
also governed by the gas-film resistance. On the other hand, absorption of carbon dioxide into 
water or weak alkaline solutions is considered typical of liquid-film controlled systems, not 
because its gas-film resistance is any lower than that of H2S and ammonia, but because its liq- 
uid-film resistance is very much greater. The net result is that when gases containing H2S, 
ammonia, and COz are contacted with water, the ammonia and H2S are absorbed much more 
rapidly than the COz and this difference can be accentuated by operating under conditions 
which reduce the gas-film resistance or inmase the liquid-film resistance. 

The absorption of C02 into water and dilute alkaline solutions is hindered by a slow 
chemical reaction which is required to convert the dissolved carbon dioxide molecules into 
the more reactive ionic species. In effect, the COz molecules are absorbed until some mole- 
cules are removed by the hydration reaction. The efficiency of COz absorption can, there- 
fore, be improved by turbulence in the liquid film (this aids diffusion of unreacted mole- 
cules into the body of the liquid) and by an extended hold-time of liquid in the absorption 
zone (this provides for the continuous reaction of C02 molecules that do enter the liquid 
phase). These conditions can be met, for example, by a tall, packed column operating at a 
relatively high liquid-flow rate or by a liquid-filled column through which bubbles of gas 
are made to pass. 

The hydrogen sulfide and ammonia-absorption rates can be increased by inducing turbu- 
lence in the gas phase at the interface, a condition that requires a high relative velocity 
between gas and liquid. This can be achieved by the use of high-pressure spray nozzles, 
which produce a much higher relative velocity than can be realized with gravity flow 
devices. If maximum selectivity for H2S and ammonia is desired, the use of spray column in 
combination with relatively short contact-time is indicated. 

An additional factor that bears on the selectivity of the process is the fact that, once in 
solution, CO, is an appreciably stronger acid than H2S and, under equilibrium conditions, the 
process would actually be expected to be selective for COz. If the ammonia is added with the 
wash water, this is indeed possible providing that a sufficiently tall column is used. When 
the ammonia enters with the feed gas, however, it is absorbed near the bottom of the column 
and, because very little absorption of CO, can occur in pure water, additional column height 
will have little effect on the selectivity or on the total amount of acid gases absorbed. 
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With proper design and operation, most of the H2S can be eliminated from the gas in a 
selective absorber. Removal of H2S, COz, and HCN from the ammonia solution in a strip- 
ping column located ahead of the ammonia-distillation column permits completely separate 
processing of the ammonia and the acid gases. This serves to prevent some difficulties in the 
operation of the saturator or, if strong ammoniacal liquor is produced, results in much higher 
purity of the crude liquor. Finally, selective absorption of H2S yields an acid-gas stream of 
high H2S concentration, which is desirable in the further processing to sulfur or sulfuric acid. 

Selective H2S-removal processes do not result in complete elimination of H2S and, if the 
treated gas is intended for use as a domestic fuel or in synthesis processes, a final purification 
step is required. The degree of H2S removal depends on several operating variables, but it 
appears that elimination of about 90% of the H2S is the maximum that can be attained econom- 
ically. Substantial amounts of hydrogen cyanide are also removed in the selective absorber. 

Process Descriptions 
A basic flow diagram of the process for removing H2S from coke-oven gas using ammo- 

nia solution is shown in Figure 4-24. In the process the gas passes through a hydrogen sul- 
fide scrubber and an ammonia scrubber in series. Stripped water is fed to the top of the 
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Figure 4-24. Basic flow diagram for coke-oven gas desulfurization with aqueous 
ammonia. 
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ammonia scrubber where it absorbs ammonia from the gas. The resulting ammonia solution 
is then used as the alkaline absorbent for H2S in the hydrogen sulfide absorber. The rich 
solution from this unit, containing ammonium sulfide in solution, is fed to a deacidifier 
which decomposes the ammonium sullide to produce a hydrogen sulfiderich vapor and an 
ammonia-rich liquor. Part of the ammonia-rich liquor is fed to an intermediate point in the 
hydrogen sulfide absorber and the surplus is fed to an ammonia stripper where ammonia 
vapors are steam stripped from the solution. Caustic soda is normally added to the ammonia 
stripper or to a separate fixed-ammonia stripper to release ammonia that is present as the salt 
of a nonvolatile acid. The various processes differ in the details of heat exchange, recycle 
streams, wash steps, hardware designs, and process conditions; however, the basic opera- 
tions and chemical reactions are essentially the same. 

A more detailed diagram of the hydrogen sulfide and ammonia scrubber systems of the Still 
Otto process is shown in Figure 4-25 (DaydStill Otto, 1992). In this arrangement the ammo- 
nia-rich deacidified water is fed to the hydrogen sulfide scrubber near the bottom to minimize 
absorption of carbon dioxide; while the wash water product from the ammonia scrubber, 
which contains much less ammonia, is fed to the top of the scrubber to msximize the total 
amount of H2S removed. The liquid flowing down through the H2S scrubber is removed, 
mled, and returned to the column in at least two separate places to remove the heat of rea* 
tion of H2S with ammonia and maintain a suitably low temperature for absorption. 

After leaving the hydrogen sulfide scrubber, the gas enters the bottom of the ammonia 
scrubber, which is actually three separate absorption zones in a single vessel. In the first 
(bottom) zone, the bulk of the ammonia is removed from the gas by countercurrent contact 
with water from the ammonia stripper and from the third (top) zone. Both of these water 
sources contain low concentrations of ammonia. Other low-ammonia-concentration waste 
water streams may be fed into the ammonia absorption zone if available. In the second (mid- 
dle) zone the gas is contacted with a solution of caustic soda for the purpose of further reduc- 
ing its hydrogen sulfide content before discharge. The spent caustic soda removed from this 
zone can still be used to release ammonia from fixed salts in the fixed ammonia stripper by 
reactions such as 

NH&1+ NaHS = NaCl + N W S  (4-29) 

In the third (top) absorption zone the gas is washed with ammonia-he water to remove as 
much residual ammonia as possible before final release as purified coke-oven gas. 

A commercial application of the Carl Still process (predecessor to the Still Otto process) is 
described by Snook (1977). The plant, which is located at the ARMCO Steel Corporation in 
Middletown, Ohio, uses a circulating solution containing 2 wt% ammonia, and reduces the 
hydrogen sulfide content of the coke-oven gas from 350 to 50 grains per 100 scf. At the 
ARMCO plant the ammonia is removed from the acid gas with the Phosam process, and the 
remaining acid gases are fed to a sulfuric acid plant. 
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Figure 4-25. Diagram of Still Otto process hydrogen sulfide and ammonia scrubber 
system. Davv/stilr Otto (7992' 
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Khupp Wilputte Process 

A flow diagram of the Krupp Wilputte H2S/NH3 circulation scrubbing process is shown in 
Figure 4-26 (Krupp Wilputte, 1988). The basic process is similar to those described above; 
however, there are some differences in the flow m g e m e n t .  For example, the caustic soda 
scrubbing zone is at the bottom of the ammonia scrubber rather than between two water 
wash zones, and the freeand fixed-ammonia strippers are combined into a single vessel. 
Another detail shown on the Krupp Wilputte flow diagram is a small contact zone at the top 
of the deacidifier where the sour gas product is washed with a stream of unheated rich solu- 
tion from the H2S scrubber. This serves to reduce ammonia loss and condense some water 
from the deacidifier off-gas stream. 

DMMOX Process 

The DIAMOX process, which was developed jointly by Mitsubishi Chemical Industries 
(MCI) and Mitsubishi Kakoki Kaisha (MKK) in Japan, is described by Hiraoka et al. 
(1977) and Fumio (1986). The flow arrangement is similar to the basic scheme shown in 
Figure 4-24. It is claimed that the process will remove over 98% of the hydrogen sulfide 
from coke-oven gas and produce a purified gas stream containing less than 8 grains of 
hydrogen sulfide per 100 scf. 

Tables 4-14 and 4-15 summarize operating and utility consumption data for a DIAMOX 
plant. Although there is about seven times as much carbon dioxide as hydrogen sulfide in the 

Figure 4-26. Krupp Wilputte H2SINH3-cinwlation scrubbing process for desulfurization 
and ammonia removal. Kmpp Wilputte Corp. (7988) 
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COG treated by this plant, the data show that the DIAh4OX process selectively removes the 
hydrogen sulfide. Operating data from the MCI Kurosaki plant in Table 4-14 show the 
amount of ammonia, hydrogen sulfide, and carbon dioxide present in the rich and lean 
liquors as a function of absorption liquor temperature and percent hydrogen sulfide removed 
from the COG. The data indicate that the lower the operating temperature, the greater the 
percent of desulfurization. Equal concentrations of hydrogen sulfide and carbon dioxide exist 
in the rich and lean solutions indicating that hydrogen sulfide is selectively removed over 
carbon dioxide. Only about 30% of the hydrogen cyanide present in the COG is absorbed 
during desulfurization and hydrolyzed into ammonia and other by-products. 

The acid gas produced contains more than 45 ~01% hydrogen sulfide with the balance 
being carbon dioxide and a small amount of other impurities such as 0.1 vol% hydrogen 
cyanide, .01 vol% ammonia, and 1.1 vol% aromatics. Consequently, the acid gas is a suitable 
feed for a typical Claus unit. Operating problems such as plugging and corrosion associated 
with larger concentrations of these impurities are avoided. As an alternative, the acid gas is a 
suitable feed for a sulfuric acid plant. 

Table 4-15 shows the utility requirements for the DIAMOX process for two levels of 
COG desulfurization. The DIAMOX process does not require any chemicals since the 
absorption liquor is generated from the ammonia present in the COG. 

Solution Analysis, Grains/U.S. Gal. 
% Removal NH, H2S co2 

H2S Rich Lean Rich Lean Rich Lean 
96.2 473 473 118 12.3 117 2.3 
91.1 436 417 108 14.6 123 2.3 
86.0 418 386 102 16.4 106 5.2 

Table 4-14 
DIAMOX Operating Data from MCI Kurosaki Plant 

8 Graindl00 SCF 
L.P. Steam, Lb/Hr 34,180 
Cooling Water, GPM 2,910 
Boiler Water, GPM 7 
Electric Power, kW 1,000 

I I 

30 Graindl00 SCF 

20,950 
1,590 

33 
570 

I Datafrom Hiraoka (1977) I 



326 Gas Purijkation 

Design and Operation 
A simulation model for an ammonia-based coke-oven gas desulfurization plant is 

described by Bloem et al. (1990). The model was developed within the capabilities of 
Aspen-Plus, a widely used software package for chemical process flowsheet simulation. The 
two scrubbers were simulated on the basis of six theoretical stages for the hydrogen sulfide 
absorber and five stages for each of the two ammonia scrubbers. All important chemical 
reactions were included and equilibrium assumed. The difference in the absorption rates of 
carbon dioxide and hydrogen sulfide was corrected by adjusting the vaporization efficiency 
of carbon dioxide. The model was verified and adjusted on the basis of experimental data. It 
has been used to optimize the performance of a large cokeoven gas desulfurization plant and 
reduce sulfur emissions. 

Corrosion problems in ammonia-based desulfurization plants are confined primarily to the 
elevated temperature zones, and are aggravated by the presence of HCN in solution and by 
the use of more concentrated ammonia (and acid gas) solutions. According to Massey and 
Dunlap (1975), the absorber and most heat exchangers are constructed of aluminum-killed 
carbon steel. Commercially pure aluminum is used for the deactifier vessel with the intemals 
fabricated out of Haveg reinforced phenolic resin. Hastelloy is used for steam spargers, hot- 
solution circulation pumps, and high-temperature heat exchangers. Ammonia stripping 
columns are typically fabricated out of cast iron. Ceramics can be used for accessories with 
solutions containing high concentations of ammonia and HCN. 
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INTRODUCTION 
A prime requirement for absorptive solutions to be used in regenerative COz and HzS 

removal processes is that any compounds formed by reactions between the acid gas and the 
solution must be readily dissociated. This precludes the use of strong alkalies; however, the 
salts of these compounds with weak acids offer many possibilities, and a number of process- 
es have been developed which are based on such salts. Typically the processes employ an 

330 
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aqueous solution of a salt containing sodium or potassium as the cation with an anion so 
selected that the resulting solution is buffered at a pH of about 9 to 11. Such a solution, being 
alkaline in nature, will absorb H2S and COz (and other acid gases), and, because of the 
buffering action of the weak acid present in the original solution, the pH will not change 
rapidly as the acid gases are absorbed. Salts that have been proposed for processes of this 
type include sodium and potassium carbonate, phosphate, borate, arsenite, and phenolate, as 
well as salts of weak organic acids. 

The major commercial processes that have been developed for hydrogen sulfide, carbon 
dioxide, and mercaptan absorption using aqueous solutions of sodium or potassium com- 
pounds are discussed in this chapter. Several of the processes described are no longer corn 
mercid, but brief descriptions ate included because of their histcnical significance. The princi- 
pal technologies which are still employed are (1) pmcesses based on hot potassium carbonate 
solutions, which are used for the removal of carbon dioxide (and sometimes hydrogen sulfide) 
from high pressure gas streams (the solutions nonnally contain a promoter to enhance the rate 
of carbon dioxide absorption); (2) processes based on absorption in ambient temperahut sodi- 
um or potassium carbonate solutions with vacuum regeneration, which are used primarily for 
the removal of hydrogen sulfide from coke-oven gas; and (3) processes based on ambient 
tempera- absorption into solutions containing free caustic, which are used to remove mer- 
captans and small traces of carbon dioxide or hydrogen sulfide from gases. 

As pointed out in Chapter 1, the occurrence of a chemical reaction in the solution has the 
effect of increasing the liquid phase absorption coefficient over that which would be 
observed with simple physical absorption. This increase can be quantified in terms of an 
enhancement factor: the ratio of the actual absorption coefficient with reaction to the absorp- 
tion coefficient which would be expected under the identical conditions if no reaction 
occurred. The prediction of enhancement factors for various classes of reactions is quite 
complex (see Astarita et al.. 1983) and requires a knowledge of the reaction path and rate as 
well as liquid phase physical properties. As the reaction rate increases, the enhancement fac- 
tor, and thus the liquid phase absorption coefficient, also increases. When the reaction rate is 
extremely fast, the liquid phase absorption coefficient can be high enough to make the gas 
phase mass transfer resistance controlling. 

When hydrogen sulfide is absorbed into an alkaline solution, it can react directly with 
hydroxyl ions by a proton transfer reaction: 

H2S + OH- = HS- + HzO (5-1) 

This reaction is extremely rapid and can be considered instantaneous in comparison with 
diffusion phenomena (Savage et al., 1980). 

Since hydrogen sulfide is absorbed more rapidly than carbon dioxide by aqueous alkaline 
solutions, partial selectivity can be attained when both gases are present- The data of Gamer 
et al. (1958) indicate that selectivity is favored by short gas-liquid contact times and low 
temperatux Commercial applications of selective absorption based on short residence time 
contact are described by Hohlfield (1979) and Kent and Abid (1985). 

Carbon dioxide is a slightly stronger acid in solution than hydrogen sulfide. Its ionization 
constant for the first step ionization to H+ and HC0,- is approximately 4 x lW7 at 25°C 
compared to I x le7 for the corresponding hydrogen sulfide ionization. As a result, under 
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conditions of extended gas-liquid contact where equilibrium is approached, carbon dioxide 
can displace previously absorbed hydrogen sulfide. This phenomenon is used commercially 
in the processing of Kraft paper mill liquors. 

The chemical reaction of absorbed carbon dioxide with alkaline carbonate solutions takes 
place through two parallel mechanisms: (1) direct formation of HC03- by reaction of C02 
with the hydroxyl ion and (2) reaction of COz with water followed by dissociation of carbon- 
ic acid. According to Astarita et al. (1981), the predominant mechanism at pH > 10 involves 
the direct reaction of dissolved C02 with OH-: 

COz + OH- = HC03- (fast) (5-2) 

HC03- + OH- = C03= + H20 (instantaneous) (5-3) 

At pH < 8 the principal mechanism is based on the hydration of dissolved C02 to form 
carbonic acid followed by reaction of the carbonic acid with OH-: 

COz + H20 = H2CO3 (slow) (5-4) 

H2CO3 + OH- = HC03- + H20 (instantaneous) (5-5) 

In the pH range of interest for commercial operations, pH > 8, the mechanism involving 
the direct reaction of carbon dioxide to form bicarbonate ions (reaction 5-2) predominates 
(Astarita et al., 1981). 

Although the overall reaction of carbon dioxide with solution components results in the 
conversion of carbonate to bicarbonate, the local reaction rate is determined by the concen- 
tration of hydroxyl ions as indicated by reaction 5-2 (Tseng et al., 1988): 

reaction rate [g mol/(liter)(sec)] = hH(CO2)(0H-) (5-6) 

The value of the second order rate constant, hH, can be estimated by the following equa- 
tion suggested by Astarita et al. (1983): 

logl&H = 13.635 - 2.895R + 0.08 I (5-7) 

Where: T="K 
I = Ionic strength of the solution 

Equations 5-6 and 5-7 indicate that the rate of reaction of carbon dioxide can be increased 
by increasing the C02 concentration, the hydroxyl ion concentration, or the temperature. 

According to Astarita (1967), the reaction rate of carbon dioxide in carbonate-bicarbonate 
solution is not fast enough at room temperature to enhance the absorption rate appreciably 
over that of physical mass transfer. At temperatures above about 318°K (1 13°F) the reaction 
rate is sufficiently high to enhance the mass transfer rate significantly, but even at tempera- 
tures as high as 378°K (221°F) the reaction rate is not high enough to be considered instanta- 
neous (Savage et al., 1980). 
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The relatively low rate of absorption of carbon dioxide in carbonate-bicarbonate solutions 
has been an incentive for research on rate-increasing additives. Many such materials have 
been discovered and are usually referred to as promoters, activators, or catalysts. Ferrell et 
al. (1987) provide the following list of materials found to increase the rate of carbon dioxide 
absorption and the original references: formaldehyde, methanol, phenol, ethanolamines 
(Killeffer, 1937), arsenious acid (Roughton and Booth, 1938), glycine (Jeffreys and Bull, 
1964), and the enzyme carbonic anhydrase (Alper et al., 1980). Promoters known to be used 
in commercial processes include diethanolamine, sterically hindered amines, glycine, and 
arsenious oxide. 

In early theories to explain the rate enhancement effects of promoters it was assumed that 
arsenious acid and organic amines operated through different mechanisms. Roughton and 
Booth (1938) concluded that arsenious acid acts as a homogeneous catalyst that increases the 
rate of the key carbon dioxide reaction (reaction 5-2). A "shuttle" mechanism was proposed 
by Shrier and Danckwerts (1969) for amine type promoters at low temperatures. In this 
mechanism the carbon dioxide reacts rapidly with dissolved amine by a second order reac- 
tion of the following type: 

COz + RRNH = RR'NCOC + H+ (5-8) 

Even with small amine concentrations in the solution, reaction 5-8 is significantly faster 
than reaction 5-2 causing reaction 5-8 to proceed near the gas-liquid interface. The carba- 
mate ion then diffuses into the bulk of the liquid where equilibrium is re-established by 
reversal of reaction 5-8. Carbon dioxide released by the reverse reaction is consumed by 
reaction 5-2, and the resulting free amine can diffuse back to the interface to react with addi- 
tional carbon dioxide. 

Astarita et al. (1981) proposed a general mechanism to cover both arsenious acid and 
amine promoters involving the following two steps: 

COz + promoter = intermediate (5-9) 

intermediate + OH- = HCO, + promoter (5-10) 

The relative rate of equation 5-10 represents the key difference between the two types of 
promoters. With arsenious acid, the step indicated by equation 5-10 is very rapid and takes 
place immediately after equation 5-9 at the gas-liquid interface. With amines at moderate 
temperatures, reaction 5-10 is believed to take place primarily in the bulk of the liquid. At 
the higher temperatures of desorption, the reaction may be fast enough for amines to act as 
homogeneous catalysts (Astarita et al., 1981). Savage et al. (1984) indicate that the rate-pro- 
motion effect of amine in carbonate solutions can be described quite well in terms of homo- 
geneous catalysis. 

Sartori and Savage (1983) compare the rate promotion capabilities and the effects on 
vapor liquid equilibria of a conventional amine (DEA) and a sterically hindered amine. In 
the sterically hindered amine, bulky substituent groups are placed adjacent to the amino 
nitrogen site. This causes the hindered amines to form carbamates of intermediate to low sta- 
bility. The low stability of the hindered amine carbamate is credited with the observed faster 
absorption rate and higher C02 loading at commercial operating conditions for carbonate 
solutions promoted with hindered amines compared to solutions promoted with DEA. 
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ABSORPTION AT ELEVATED TEMPERATURE 

Hot Potassium Carbonate (Benfield) Process 

This process was developed by the U.S. Bureau of Mines, at Bmceton, Pennsylvania, as 
part of a program on the synthesis of liquid fuel from coal. Research on COz removal was 
conducted with the objective of reducing the cost of synthesis-gas purification by designing 
a process that would take maximum advantage of the synthesis-gas conditions; Le., high C02 
partial pressure and high temperature. A flow sheet of the basic process is shown in Figure 
5-1, and a photograph of a large commercial plant is shown in Figure 5-2. The original 
process was described in considerabk detail by publications of Benson and coworkers (Ben- 
son et d., 1954; Benson et al., 1956; The Benfield Cop., 1971). 

The hot potassium carbonate process was developed further during the 1970s by Benson 
and Field, who conducted much of the original work at the U.S. Bureau of Mines, and many 
improvements were made. Among these, the development of an amine activator @EA) for 
the potassium carbonate solution, resulting in substantial lowering of capital and operating 
costs and higher treated gas purity, is probably the most important (The Benfield Corporation, 
1971). Major improvements were also made in energy economy through the m v m y  of inter- 
nal heat (Clayman and Clark, 1980; Baker and McCrea, 1981; Orover and Holmes, 1987; 
Bartoo and Ruzicka, 1983), and the process has been demonstrated to be suitable for partially 
selective removal of hydrogen sulfide in the presence of carbon dioxide (Astarita, 1967). 

Recent improvements to the process include the use of high efficiency packing in both the 
absorber and regenerator columns and the development of further improved activators there- 
by reducing capital and operating costs and resulting in higher treated gas purities when 

ABSORBER LEANSOUmOW HYDRAUUCPOWER ACID- RfXD- -R 
COOLER REWVERYTURMWE SEPARATOR CONDENSER 

CARBONATE 
REBOlLER 

LEAN SOLUTION REFLUX 
PUMP WATER PUMP 

1. COOLERS CAN BE AIR OR WATER COOLED. 
P. HYDRAULIC TURBINE Is USUALLY USED OY 

MODERATE TO HIGH PRESSUR€ FAMUTIES 

Figure 5-1. Flow diagram of hot potassium carbonate process for the absorption of 
GO2, split-dream configuration. A = cooled lean solution; B = main lean solution 
stream; C = rich solution; I = feed gas; 2 = purified gas; 3 = acid gas. (UUP, 1993) 
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The applicability of potassium carbonate to C02 removal has been known for many years. 
A German patent, granted as early as 1904, described a process for absorbing COz in a hot 
solution of potassium carbonate and then stripping the solution by pressure reduction without 
additional heating (Behens and Bebrens, 1904). Williamson and Mathews (1924) studied 
the rate of absorption of COz in potassium carbonate solution and found that increasing the 
absorption temperature to 75°C (167°F) from 25°C (77°F) greatly increased the rate of 
absorption. The work of the U.S. Bureau of Mines, however, constitutes a major contribu- 
tion, in that it resulted in the development of an economically commercial process. A patent 
covering one aspect of this work was issued to Benson and Field in Great Britain (1955). 
This patent describes the use of potassium carbonate solution as an absorbent at temperatures 
near its atmospheric boiling point and its regeneration by flashing and steam stripping. 

As a result of the high-absorber temperature, the steam, which other regenerative process- 
es require to heat the solution to stripping temperature, is not required in the hot potassium 
carbonate system. In addition, the need for heat-exchange equipment between the absorber 
and stripper is eliminated. The high temperature also increases the solubility of potassium 
bicarbonate, thus permitting operation with a highly concentrated solution. 

Process Description 

As can be seen from the flow'diagram, Figure 5-1, the process is extremely simple. In the 
split-stream process shown, a portion of the lean solution from the regenerator is cooled and 
fed into the top of the absorber, while the major portion is added hot at a point some distance 
below the top. This simple modification improves the purity of the product gas by decreasing 
the equilibrium vapor pressure of COz over the portion of solution last contacted by the gas. 
A somewhat more complex scheme termed "two-stage," has also been used for applications 
in which more complete COz removal is required (see Figure 5-3). In this modification, the 
main solution-stream is withdrawn from the stripping column at a point above the reboiler so 
that only a portion of the solution passes down through the bottom of the stripping column to 
the reboiler. Since this portion of the solution is regenerated by the total steam supply to the 
stripping column, it is thoroughly regenerated and is capable of reducing the C02 content of 
the gas to a low value. The main solution-stream is fed into the midpoint of the absorber, 
while the more completely regenerated portion is fed at the top. 

Packing is used almost exclusively today in Benfield units in preference to trays. Metal 
packing is the standard, although ceramic and plastic rings are found in some units. Neither 
ceramic nor plastic packings are recommended for hot potassium carbonate service because 
plastic rings have a tendency to melt or deform at the high operating temperatures, and the 
ceramic packing can become brittle and deteriorate with time causing small pieces to break 
off and damage other areas of the unit. Both carbon steel and stainless steel types are com- 
mon depending on the particular processing conditions. Choice of an appropriate packing 
can lead to optimization in grassroots facilities and increased capacity or debottlenecking in 
revamped units. See Chapter 1 for details on packing types and sizes. 

The basic Benfield flow scheme, without any heat conservation features, typically has a 
net heat duty in the range of 45,000 to 50,000 Btuflb-mole COz. Several modifications of the 
basic flow patterns have been used, aimed primarily at greater heat economy and higher 
product gas purity. Examples of modified flow schemes are shown in Figures 5-3,545-5, 
and 5-6. The Benfeld LOHeat process, illustrated in Figure 5-3, uses low level heat, which 
would otherwise be lost in a solution cooler or in an overhead condenser, to satisfy part of 
the regeneration heat requirement. Hot lean solution exiting the regenerator is reduced in 
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Figure 5-3. Flow diagram of two-stage Benfield LoHeat process with internal steam 
generation. A = lean solution; B = semi-lean solution; C = rich solution; 1 = feed gas; 
2 = purified gas; 3 = acid gas. (UOP, 7993) 
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Figure 5-4. Flow diagram of Benfield LoHeat process with both steam ejectors and 
mechanical vapor recompression. A = lean solution; B = rich solution; 1 = feed gas; 
2 = purified gas; 3 = acid gas. (UOP, 7993) 
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Figure 55. Flow diagram of Benfield Hi-Pure process with LoHeat system. A = cooled 
lean solution; B = main solution stream; C = rich solution; D = lean amine: E = rich 
amine; 1 = feed gas; 3 = acid gas. (UUE 7993) 
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Figure 5-6. Flow diagram of Enhanced LoHeat Benfield process with one-stage rich 
solution flash. (UOP, 7993) 
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pressure to produce steam. Most LoHeat units use multiple stages to increase the overall 
energy efficiency by 10 to 15% (Bartoo et al., 1991). Each stage operates about 2 psi below 
the preceding stage. The flashed steam is then recompressed using a steam ejector or 
mechanical compressor and re-injected into the base of the regenerator (Grover and Holmes, 
1987). As described by Baker and McCrea (1981), usable heat recovered from gas and liquid 
streams may reduce outside energy requirements by as much as 60% and, in some cases, 
result in the export of low pressure steam. It should be noted, as shown in Figure 5-3, that 
waste heat reboiling of internal reflux water to generate motive steam for the LoHeat ejector 
system via a condensate reboiler can further reduce the net energy requirements. 

Whether the LoHeat process is used or not, the amount of stripping steam or gross regen- 
eration energy required for solution regeneration is approximately the same. However, in a 
Benfield unit that utilizes the LoHeat process, part of the gross energy requirement is gener- 
ated internally through the flash heat recovery. Hence, the total external energy requirement, 
or net regeneration energy, is reduced. Typical LoHeat energy requirements depend on the 
process configuration, but usually range from 30,000 to 35,000 Btdlb-mole COz when steam 
ejectors are used. 

One important LoHeat option is the Benfield hybrid LoHeat scheme. As shown in Figure 
5-4, this LoHeat system utilizes a combination of steam ejectors and a mechanical vapor 
recompressor (MVR) (Grover and Holmes, 1987). Typically, a multi-stage flash tank is 
employed with the first few stages operating on steam ejectors and a final stage using an 
MVR. The MVR allows for larger recompression ratios, thereby allowing a deeper flash and 
hence increased energy savings. Typical heating requirements for a hybrid LoHeat system 
will range from 25,000 to 28,000 BtuAb-mole COP 

Another modification described by Benson and Parrish (1974) is the HiPure process, which 
is capable of producing a treated gas containing less than one part per million of HzS and less 
than 50 parts per million of COP The ability to remove these compounds to such low levels 
makes it an excellent choice for purification of natural gas to pipeline purity. The Benfield 
HiPure process has also been used in large liquefied natural gas (LNG) facilities where 
extremely low product specifications for C02, H2S, COS, and mercaptans are required. 

This process, as shown in Figure 5-5, uses two independent, but compatible circulating 
solutions in series to achieve high purity combined with high efficiency. The process gas is 
first contacted with normal hot potassium carbonate followed by contact with aqueous amine 
solution. The hot potassium carbonate serves to remove the bulk of the acid gases, while 
final purification is achieved with the second solution. The two solutions are regenerated 
separately in two sections of a regenerator with the stripping steam leaving the lower section 
of the regenerator being re-used in the upper section. The two systems are thermally integrat- 
ed by using waste heat from the amine circuit to provide a portion of the regeneration heat in 
the carbonate circuit. The combined heat required for the two solutions is generally lower 
than that for a conventional hot carbonate system. Although the capital cost of the HiPure 
unit is somewhat higher than that of a normal Benfield unit due to the additional equipment 
required, the savings in heat energy and the ability to produce high purity product gas make 
this process quite attractive. 

An extension of the conventional Benfeld process, termed the “Enhanced LoHeat Ben- 
field Process,” has been developed (Grover, 1987). As shown in Figure 5-6, the thermal 
energy required for regeneration is substantially reduced as a result of a one or two-stage 
rich solution flash step, which serves as the driving force for a major portion of the regenera- 
tion. The balance of the regeneration energy is supplied via conventional thermal stripping. 
The bulk of the rich solution is regenerated in the flash tank and recycled back to the bottom 
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section of the absorber where about two-thirds of the C02 contained in the feed gas is 
removed. The top section of the absorber receives thermally regenerated solution, which is 
used to remove the remaining COz and produces a treated gas having the desired low level of 
impurities. Low level waste heat within the process is used to enhance the rich solution flash. 
Typical heating requirements depend on whether a o n e  or two-stage rich solution flash is 
chosen, but usually range from 18,000 to 25,000 Btdlb-mole C02. The approximate heat 
requirement for several versions of the Benfield process is shown in Figure 5-7 as a function 
of the acid gas partial pressure. 

Basic Data 

A large amount of comprehensive physical data on the potassium carbonate-potassium 
bicarbonate-carbon dioxide-water and potassium carbonate-potassium bicarbonatepotassi- 
um bisulfide-carbon dioxidehydrogen sulfide-water systems is available in literature (Ben- 
son et al., 1954; Benson et d., 1956; Tosh et al., 1959; Tosh et al., 1960; Allied Chemical 
Corp., 1961; Bocard and Mayland, 1962). Some typical data are given below; however, for 
complete information, the reader is referred to the original sources. 

The effect of temperatm and percentage conversion to bicarbonate on the solubility of the 
salts in the system, potassium carbonate bicarbonate, has been determined by Benson et al. 
(1954), and their data are presented in Figure 5-8, together with data from other literature 
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Figure 5-7. Approximate heat requirements of Benfield process systems as a function 
of acid gas partial pressure in the feed gas. (Bartoo, 7984) 
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TEMPERATURE, O F  

Figure 5-8. EfFect of temperature and percentage conversion to bicarbonate on 
solubility of K2C03 plus KHC03 Lines represent solubilii limits for given salt 
concentrations (measured as equivalents of K2C03). Fom, 50, and 60% lines based on 
data of Benson et a/, (7954); other lines based on data of Perry (1950), Seidell(7940), 
and Hill and Hill (7927) 

sources (Perry, 1950; Hill and Hill, 1927; Seidell, 1940). Lines on the chart represent the con- 
ditions under which crystals of potassium bicarbonate begin to precipitate for varying potassi- 
um carbonate concentrations. At 24OoF, for example, the 60% solution can be converted to 
only about 30% bicarbonate without the formation of a precipitate. A 50% solution can be 
50% converted; and a 4Q% solution can theoretically be converted 100%. On the basis of 
these data, it is concluded that a 40% equivalent concentration of potassium carbonate is 
about the maximum that can be used for the treating operation without precipitation occur- 
ring, and a 30% solution is considered to be a reasonable design value for most applications. 

If cooling of the solution occurs at any point in the system, even 30% potassium carbonate 
may be too great a concentration. On the basis of commercial-plant experience with units 
treating natural gas, Buck and hi tch (1958) recommend 3096 potassium carbonate equiva- 
lent as a maximum concentration. They found no appreciable effect on the absorptive capac- 
ity of the solution when its concentration was reduced to as low as 208. 

The equilibrium vapor pressure of (2% over a solution containing the equivalent of 20% 
potassium carbonate as a function of conversion to bicarbonate, based on the data of Tosh et 
al. (1959). is presented in Figure 5-9. These authors, who investigated vaprAiquid equilib- 
ria for 20,30, and 40% equivalent potassium carbonate solutions, found that the COz equi- 
librium vapor pressure remains practically the same for the range of 20 to 30%. This in 
effect confirms the observation of Buck and bi tch (1958) for commercial operations. Tbe 
experimental C02 vapor pressure data were used by Tosh el al. (1959) as the basis for calcu- 
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Figure 5-9. Equilibrium vapor pressure of COP over 20 percent equivalent 
cahonate solution. (Tosh eta/., 7959 

potassium 

lating the equilibrium constant, K, for the three solution concentrations according to the 
expression: 

K = (KHC0,)2/(K2C03)Pco2 (5-11) 

with KHC03 and K2CO3 expressed in gram moles per liter and Pco2 in mm Hg. K was found 
to be constant at a given temperature for each degree of conversion for the 20 and 30% 
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potassium carbonate solutions. From the values of K, the equilibrium vapor pressure can be 
calculated for any conversion within the given range of solution concentrations. Table 5-1 
shows average K values (arithmetic mean of all experimental data points) for 20 and 30% 
solutions (Tosh et al., 1959). 

Table 5-1 
Average Values of K for 20 and 30 percent %COS Solutions 

I Temperature "C K, 20% Solution K, 30% Solution 

70 
90 

110 
130 

0.042 
0.022 
0.013 
0.0086 

0.058 
0.030 
0.017 
0.01 1 

Source: Data of Tosh et al., 1959 

The equilibrium vapor pressure of water over a solution containing the equivalent of 20% 
potassium carbonate as a function of conversion to bicarbonate is shown in Figure 5-10. 
This chart is also based on data obtained by Tosh et al. (1959). Here, again, there is not much 
difference in the vapor pressure of water for 20 and 30% equivalent potassium carbonate 
concentrations. 

Additional vapor-liquid equilibrium data based on published information and experimen- 
tal work have been reported by Bocard and Mayland (1962). Other physical data on the 
potassium carbonate-potassium bicarbonate-carbon dioxide system are shown in Figures 5- 
11 to 5-14. The data of Bocard and Mayland (1962) have been converted to a series of 
nomographs by Mapstone (1966). 

The potassium carbonate-potassium bicarbonate-potassium bisulfide-carbon dioxide- 
hydrogen sulfide-water system has been studied extensively by Tosh et al. (1960) and Field 
et al. (1960) of the U.S. Bureau of Mines. It was found that it is necessary that the gas to be 
treated contain some carbon dioxide in addition to hydrogen sulfide for successful use of this 
system in a gas treating operation. 

If hydrogen sulfide were the only acid gas to be absorbed, the following reactions would 
occur: 

K2CO3 + H2S = KHCO3 + KHS (5-12) 

2KHC03 = COz + HzO + K2C03 (5-13) 

Since with each absorption-regeneration cycle some carbon dioxide would be lost from 
the system, all of the potassium in the solution would eventually be converted to potassium 
bisulfide which was found to be essentially non-regenerable according to the following reac- 
tion (Tosh et al., 1960): 

2KHS = K2S + HZS (5-14) 
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Figure 5-10. Equilibrium vapor pressure of water vapor over 20% equivalent potassium 
carbonate solution. (To& et a/., 195g 

Equilibrium pressures of hydrogen sulfide, carbon dioxide, and water over solutions of 
30% equivalent potassium carbonate are shown in Figures 5-15 to 5-21. The term “equiva- 
lent potassium carbonate” means that all potassium is assumed to be present as the carbon- 
ate. Values of the equilibrium constant: 

K1 = (PHzS) (KHco3)/(p,,)(p,,,)(KHs) (5-15) 

are given by Tosh et al. (1960) for a 30% equivalent solution, two-thirds converted to potas- 
sium bicarbonate and potassium bisulfide and are shown in Table 5-2. Estimated heats of 
reaction of hydrogen sulfide with 30 or 40% potassium carbonate solutions of 11 and 22 Btu 
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Figure 5-1 2. Viscosity of potassium carbonate solutions, (Allied Chemical Corporation, 
7961) 
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solutions. 

Figure 5-14 Solubility of CH4, CO, and H2 in 35% potassium carbonate solution and 
water. (Field et a/., 796l4 
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flgure 5-15. Equilibrium vapor pressure of H$ over 30% potassium cahonate solution. 
(Tosh et a/., 7960) 

per cu ft of hydrogen sulfide (at 0°C and 760 mm of mercury) have been reported by Tosh et 
al. (1960). 

Design and Operating Data 

As a result of the comprehensive pilot-plant studies of the U.S. Bureau of Mines, data are 
available for the design of non-activated hot-potassium carbonate-process plants. Three 
series of pilot-plant tests on the hot potassium carbonate process have been reported. In the 
first (Benson et al., 1954), the absorber consisted of a 4-in. diameter, schedule 80 steel pipe, 
packed with 0.5-in. raschig rings to a depth of about 9 ft. In the second (Benson et al., 1956), 
the absorber consisted of a &in., schedule 80 pipe, packed to a height of 30 ft with OS-in. 
porcelain raschig rings. The regenerator for the first series consisted of a 6-in. diameter, 
schedule 40 steel pipe, packed to a depth of 4.75 ft with 0.5-in. raschig rings, and, for the 
second series, an 8-in. diameter, schedule 40 pipe was used, packed to a height of 25 ft  with 
the 0.5-in. rings. Heat losses from the pilot plants were minimized by adequate insulation 
and use of steam tracing. 

While the first two pilot-plant studies were concerned primarily wid carbon dioxide 
removal, the third study was conducted to investigate the suitability of the hot potassium car- 
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Figure 5-16. Equilibrium vapor pressure of COP over 30% potassium carbonate solution 
containing H2S. (Tosh eta/,, 796@ 

bonate process for the removal of hydrogen sulfide and carbon dioxide (Field et al., 1960). 
The equipment used was arranged for single-stage split-stream, or two-stage split-stream 
operation. The absorber consisted of a 6-in. diameter, schedule 80 pipe and the regenerator 
of an 8411. diameter, schedule 40 pipe. An additional regenerator consisting of a IO-ft packed 
section of 6-in. diameter pipe was used in the two-stage operation. The absorber contained 
two sections of packing: a lower section packed to a height of 24 ft, 8 in. with %in. porcelain 
raschig rings and an upper section packed to a height of 3 ft, 10 in. with Kin. porcelain 
raschig rings. This upper section was later increased in length to 10 ft. The split-stream was 
fed to the top of the upper section while the main stream entered the absorber above the 
lower packed section. The main regenerator was packed to a height of 25 ft with %-in. 
raschig rings. 

Commercial-plant operating data have been reported for a relatively small nonactivated 
hot potassium carbonate plant treating natural gas containing about 7.5% COz. The plant was 
designed to remove 50% of the carbon dioxide from 8.5 MM scf/day of feed gas; it 
employed perforated trays in both absorber and stripping columns (Buck and hitch, 1958). 
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Figure 5-17. Equilibrium vapor pressure of H2S and COP over 30% potassium carbonate 
solutions. (Tosh et a/*, 796Q 

Absorption. Absorption coefficients are presented for pilot-plant runs with the 4-in. 
absorber (Benson et al., 1954), and, although a complete variable study was not made, cer- 
tain trends are apparent. Fortunately, solution and gas concentrations, temperatures, and liq- 
uidgas ratios are in the range typically encountered in commercial-column design so that the 
data are quite useful. 

All of the overall gas coefficients tabulated by Benson et al. (1954) for runs in the 4-in. 
column with hot 40% K2C03, are presented in Figure 5-22 as wm versus partial pres- 
sure of COP The plot is intended to show the effect of C02 partial pressure on the absorption 
coefficient; Lm is introduced with &a to minimize the spread of points due to different liq- 
uid-flow rates. As can be seen, the points appear to fall on two straight lines on the semi-log- 
arithmic coordinates. The first portion of the curve, which extends from 0.0 to 0.7 atm C02 
partial pressure, has a slope which indicates &a/Lm to be proportional to e-2.6P, where “p” 
is the partial pressure of C02 in atmospheres; while the second portion of the curve, which 
extends from a C02 partial pressure of 0.7 atm to the maximum value tested (5 atm), has a 
much smaller negative slope. For comparison purposes, a curve of data from Shneerson and 
Leibush (1946), on the absorption of C 0 2  in 5 M monoethanolamine in a very small packed 
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Figure 5-18. Equilibrium vapor pressure of C02 over 30% potasslum carbonate, 
third converted to KHC03 + KHS. (Tosh etal., 796@ 

one- 

L 

Figure 5-19. Equilibrium vapor pressure of Con over 30% potasslum carbonate 
solution, two-thirds converted to WC03 + WS. (Tmh etal., 7930 
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Figure 5-20. Equilibrium vapor pressure of water vapor over 30% potassium carbonate 
solution, one-third converted to KHC03 + KHS. (Tosh et a/., 79611) 

column, is also included (see Chapter 2). Over the partial-pressure range covered (0.0 to 0.5 
atm), the points are very well correlated by a line plotting the following equation: 

which is surprisingly close to the relationship for absorption in hot potassium carbonate solu- 
tion over the same range. 

The pronounced effect of the partial pressure of C02 on KGa is the result of the chemical 
reaction in the liquid phase and illustrates the difficulty of using &a to correlate absorption 
when the primary resistance is in the liquid phase. The occurrence of a reaction causes an 
increase in the liquid film coefficient over that which would be observed with physical 
absorption alone. The degree of liquid film coefficient enhancement is a complex function of 
concentrations, reaction rates and diffusivities in the liquid phase. Discussions of enhance- 
ment factors for various generalized types of chemical reactions are given in several texts 
(Sherwood and Pigford, 1952B; Astarita, 1967; Danckwerts, 1970; Astarita et al., 1983). 

The effects of DEA concentration, temperature, and percent conversion of potassium car- 
bonate to bicarbonate on the overall liquid film mass transfer rate, KL, are indicated by the 
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Figure 5-21. Equilibrium vapor pressure of water vapor over 30% potassium carbonate 
solution, two-thirds converted to KHC03 + KHS. (Tosh et ab, 7960) 

Table 5-2 
Values of K, for 30% Equivalent K2C03, 

Two-Thirds Converted to KHC03 and KHS 

Equivalent H2S 
Concentration, K1 K1 
Graindgallon 110°C 130°C 

100 0.12 0.39 
200 0.12 0.41 
400 0.09 0.39 

1,000 0.09 0.37 

data of Table 5-3. The table provides approximate values derived from charts presented by 
Tseng et al. (1988), which depict the results of experiments conducted with single-sphere 
absorbers. These investigators proposed a model for estimating the rate of absorption of car- 
bon dioxide in potassium carbonate solutions containing DEA as an activator, based on the 
assumption that a zwitterion intermediate (R,R2N+HCOO-) is formed. Results of the model- 
ing studies indicated that the C0,DEA reaction rate is controlled by the rate of formation of 
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Figure 5-22. Effect of C02 partial pressure on absorption coefficients for hot potassium 
6arbonate and monoethanolamine solutions. Potassium carbonate data from Benson et 
al. (1954) for 447. diameter column packed with 9 ft of %-in. ceramic rings: 
monoethanolamine data from Shneerson and Leibush (1946) for 1 -in. column packed 
with 5- to 6-mm glass rings 

the zwitterion intermediate for carbonate conversions below 30% and by the rate of abstrac- 
tion of a proton from the zwitterion for carbonate conversion greater than 30%. 

A proposed methodology for the design of isothermal packed towers covering the specific 
case of CO, absorption in a hot aqueous solution of potassium carbonate is presented by 
Joshi et al. (1981). They compare the pilot plant data provided by Benson et al. (1954) with 
predicted values, and conclude that, in this case, equations based on a bimolecular irre- 
versible reaction provide a satisfactory approximation of the rate enhancement due to chemi- 
cal reaction. 

Typical results from the pilot-plant test reported by Field et al. (1960) for simultaneous 
absorption of hydrogen sulfide and carbon dioxide are shown in Table 5-4. The absorption 
pressure was 300 psig and the regeneration pressure slightly above atmospheric. No attempt 
was made to remove hydrogen sulfide selectively. 
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Table 5-3 
Effect of DEA Concentration, Temperature, and Percent Conversion on 

C02 Absorption Rate 

Overall Liquid-Film Mass Transfer 
Temperature, "C Conversion, % Coefficient, cdmin. 

50 
50 
90 
90 

O%DEA 2%DEA 5%DEA 
20 4 12 25 
50 2 8 12 
20 35 90 180 
50 20 40 90 

Data of Tseng et al. (1988) I 

Table 5-4 
Simultaneous Removal of Carbon Dioxide and Hydrogen Sulfide 

Run: 
(Absorption Pressure-300 psig) 

115A 126A 131C 136A 

Type of Flow: Split Stream 
Feed Gas: Rate, ft3/Hr* 1,262 

H,S, vol. % 2.65 

c02 ,  vol. % 0.6 

cop ,  vol. % 11.5 

Treated Gas: 

H2S, V O ~ .  % 0.111 
Solution: 

Rate, gal/hr. 
Main stream 34 
Split stream 17 
K2CO3, Ti 34 

Temp., "C 
Main stream 114 
Split stream 95 

Capacity, ft3/gal 
co2 2.6 
H2S 0.565 

Regeneration efficiency: 

Percent removal: 
ft3 acid gadlb steam 6.8 

COZ 94.6 
H2S 95.5 

:kAt 0°C and 760 mm Hg, dry 
Source: Data of Field et al. (1960) 

2-Stage 
1,214 
11.35 
0.51 

0.3 
0.002 

33 
9 
38 

109 
91 

3.2 
0.152 

5.7 

97.4 
99.7 

Single Stream 2-Stage 
1,185 583 
11.0 11.9 
0.88 10.0 

0.8 0.07 
0.035 0.056 

42 40.5 
12 

35 20 
- 

109 102 
74 - 

2.9 1.3 
0.24 1.15 

4.7 5.0 

93.7 99.6 
96.4 99.6 
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The relationship between the degree of hydrogen sulfide removal and that of carbon diox- 
ide removal, based on pilot-plant test results with hydrogen sulfide concentrations in the feed 
gas ranging from 0.2 to 5%, is shown in Figure 5-23. Again, no attempt was made to 
remove hydrogen sulfide selectively (Field et al., 1960). The pilot-plant tests indicate that 
when properly designed, the hot potassium carbonate process should be suitable for the pro- 
duction of pipeline specification gas. 

More recent pilot plant data are available from the Coal GasificatiodGas Cleaning Test 
Facility at North Carolina State University (Ferrell et al.: 1987). The acid gas removal sys- 
tem includes a gas absorption column, one or more flash tanks for intermediate pressure 
reduction, and a packed stripping column operated with a reboiler. Both of the columns are 
packed with 0.25-in. ceramic Intalox saddles. The project included the development of a sys- 
tem model and simulation program covering absorption, flashing, and stripping. 

Typical operating data from the University of North Carolina program are given in Table 
5-5. The table shows the data for two runs operating at approximately the same conditions 
except for the presence of a DEA promoter in the solution of the second run. The resnlts 
indicate that the addition of the promoter increased the efficiency of removal of all contami- 
nants (CO,, H,S, and COS)? but the effects on CO, and COS removal were most pro- 
nounced. Some general conclusions of the overall study were 

1. The model predicted gas flow rates and compositions in close agreement with measured 

2. Heat effects are small. Calculations based on isothermal operation in the absorber, flash 
values. 

tank, and stripper gave accurate results. 

Figure 5-23. Relationship of H2S and C02 in treated gas. (Field et a!., 19611) 



356 Gas Purification 

Table 5-5 
Pilot Plant Data on Coal Gas Purification with Hot Potassium Carbonate 

Run A Run B 

Solvent Composition, % 
Water 
Potassium carbonate 
DEA 

Solvent flow rate, L/min. 
Sour gas flow rate, molh 
Absorber 

Pressure, kPa 
Packed height, m 
Liquid inlet temp. "C 
Gas inlet temp. "C 

Flash tank 
Pressure 
Liquid inlet temp. 

Pressure, kPa 
Packed height, m 
Liquid inlet temp, "C 
Steam flowrate, K g h  
Steam temp. "C 

co2 
H2S 
cos 

COZ 
H2S 
cos 

Stripper 

Feed Gas Composition, mol % 

Removal, percent 

80 
20 
0 

3.3 
798 

1,790 
2.16 
102 
19 

533 
94 

134 
4.33 
98 

17.6 
172 

23.4 
0.276 
0.0099 

91.4 
98.7 
81.5 

75 
20 
5 

2.9 1 
674 

1,754 
2.18 
101 
25 

549 
95 

133 
4.33 
91 

15.9 
173 

23.8 
0.279 
0.0132 

99.2 
99.7 
95.8 

Source: Data of Ferrell et al. (1987) 

3. COz absorption was highly sensitive to operating conditions varying from 38.1% to 98.4% 
during the tests. The effect of H2S and other species on the mass transfer rate of COz 
appeared to be small. 

4. Absorption of H2S was controlled primarily by equilibrium at the top of the column. 
5. COS removal appeared to be primarily a function of temperature. 
6. Selective HzS and COS removal is favored by low potassium carbonate concentration, low 

absorber temperature, and high absorber pressure. 

Since hydrogen sulfide is absorbed much more rapidly in potassium carbonate solutions 
than carbon dioxide, it would be expected that the process could be made at least partially 
selective for hydrogen sulfide. It is claimed that selective hydrogen sulfide removal can be 
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obtained by special design (The Benfield Corporation, 1971). Rib et al. (1982) report on the 
operation of a two-stage Benfield system used in a demonstration plant for selectively 
removing sulfur compounds from coal gas. The total acid-gas content of the gas varied from 
6.4 to 17.1% C02, 2,600 to 3,200 ppmv H2S, and 106 to 216 ppmv COS. In order to obtain 
high selectivity the unit was operated at 85°C (185"F), and the effects of lean and semi-lean 
solution flow and reboiler steam rates were studied for different feed gas compositions. The 
results of this work showed that, under the operating conditions investigated, over 90% of 
the HzS and about 40% of the COS could be removed, with about 70% of the COz retained 
in the product gas. 

Contaminants present in gas streams in relatively small concentrations, such as carbonyl 
sulfide, carbon disulfide, mercaptans, thiophene, hydrogen cyanide, ammonia, and sulfur 
dioxide, are removed by hot potassium carbonate solution to various degrees. Parrish and 
Neilson (1974) report laboratory and commercial scale data obtained in purifying natural 
gases and gas from a pressurized Lurgi gasifier, 

Carbonyl sulfide is hydrolyzed almost quantitatively to hydrogen sulfide and carbon diox- 
ide and better than 99% removal can be achieved. Carbon disulfide is hydrolyzed in two 
steps-first to carbonyl sulfide and hydrogen sulfide, followed by hydrolysis of the carbonyl 
sulfide to hydrogen sulfide and carbon dioxide. The two-step reaction is slower than the sim- 
ple hydrolysis of carbonyl sulfide with the result that only about 75 to 85% carbon disulfide 
removal is obtained under normal operating conditions. 

Mercaptans, which are slightly acidic, react with the hot potassium carbonate solutions, 
forming mercaptides. Since the acidity of mercaptans decreases with their molecular weight, 
less complete removal of higher molecular weight mercaptans is obtained than of the lower 
mercaptans, Le., methyl and ethyl mercaptan. However, the lower molecular weight mercap- 
tans normally constitute the bulk of those present in gas streams. Removal efficiencies of up 
to 92% have been reported with a HiPure flow pattern. Thiophene does not react chemically 
with potassium carbonate, and any removal of this compound could only be attributed to 
physical solubility in the carbonate solution. 

Ammonia is readily absorbed by potassium carbonate solutions. Sulfur dioxide and hydro- 
gen cyanide, both acidic compounds, are also readily absorbed by hot carbonate solutions. 
After absorption. these compounds react further forming a variety of compounds, such as 
sulfates, thiosulfates, thiocyanates, polysulfides, and elemental sulfur, which accumulate in 
the solution. 

Typical operating data from a commercial absorber are presented in Table 5-6. Contact in 
this absorber is by means of perforated trays. Unfortunately, the number of trays is not speci- 
fied so that tray efficiencies cannot be calculated from the data. However, since this has been 
shown to be a liquid-film controlled system, tray efficiencies would be expected to be quite 
low. Data reported from other installations have indicated tray efficiencies (Murphree vapor) 
to be on the order of 5% for absorption of C 0 2  in hot potassium carbonate solutions. 

Regeneration. As shown in Figure 5-9, the C02 concentration in the solution decreases 
rapidly with decreased partial pressure of C 0 2  over it. Because of this, solution regenera- 
tion can be carried out most effectively at a very low pressure. Benson et al. (1956) 
employed 2 to 10 psig and found the 2 psig regeneration pressure more favorable. Because 
of the strong dependence of COz concentration in the solution on partial pressure, an appre- 
ciable portion of the regeneration is effected when the pressure is reduced over the rich 
solution leaving the absorber. From !4 to K of the absorbed carbon dioxide is released during 
this flashing operation. 
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Table 5-6 
Operating Data for Commercial Perforated-Tray Absorber 

Absorber Data 1 2 3 4 5 

Feed-gas rate, MMSCF/day 
Lean-solution rate, gpm 
Gas composition, percent COz: 

Inlet 
Outlet 

Specific gravity 
Equivalent K2C03 concentration, wt% 
Free KZCO3 concentration, wt% 
KHCO, concentration 

C 0 2  concentration in solution, cu fuga1 
Rich-solution characteristics: 

KHC03 concentration 
(as equivalent K2C03), wt% 
COZ concentration in solution, cu ft/gal 
Percent of K2CO3 reacted 

Percent of inlet C07 absorbed 

Lean-solution characteristics: 

(as equivalents of KZCO3), wt% 

1.13 2.60 
95.0 95.9 

7.2 7.8 
0.4 2.0 

1.23 1.27 
28.9 
18.5 

10.4 
3.0 

13.8 
4.0 

47.6 
95.0 68.3 

4.32 
95.9 

7.7 
3.0 

1.26 
28.0 
16.8 

11.2 
3.3 

16.7 
4.8 
59.5 
62.7 

5.80 
84.2 

7.6 
2.7 

1.205 
30.0 

68.6 

8.56 
117.5 

7.7 
4.0 

1.275 
27.7 
16.7 

11.0 
3.2 

17.5 
5.1 

63.1 
48.5 

Source: Buck and Leitch, 1958 

The heat of reaction of carbon dioxide with the hot potassium carbonate solution is rela- 
tively small (about 32 Btu/cu ft of CO,) (Benson et al., 1954), and theoretically, this heat 
would not need to be supplied in the regeneration step if only a simple flash were used and 
cooling of the solution were allowed to occur. Since a simple flash does not give adequate 
regeneration, it is necessary to provide stripping vapor in the regeneration column, and this is 
done by evaporating water in the reboiler. Essentially all of the heat added goes to the vapor- 
ization of water, and this heat must be removed from the system in the overhead condenser 
of the regenerator. A small amount of additional heat must, of course, be added to make up 
for heat losses from vessels and lines and to provide latent heat of vaporization for any water 
evaporated into the gas stream in the absorber. 

The effect on regeneration efficiency of altering the operation to give increased solution- 
carrying capacity is illustrated (Figure 5-24) for two product-gas purity conditions. This fig- 
ure is based on operations of the U.S. Bureau of Mines pilot plant, in which the solution- 
capacity changes were effected by varying the degree of stripping of the lean solution. As 
can be seen, attempting to increase the solution-canying capacity to more than about 4 ft3 
Codgal resulted in a decreased efficiency for both product purity conditions. Comparison of 
the two curves shows that operating to produce a 0.6% COz product gas instead of a 2% COz 
product results in a steam-consumption increase of about 30%. The tests illustrated were 
made with split-stream flow at an absorption pressure of 300 psig and with a feed gas con- 
taining 20% C 0 2  and 80% nitrogen. 
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Figure 5-24. Effect of product gas purity and C0,-carrying capacity of solution on 
regeneration efficiency (split stream at 300 psig and 12,000 SCF/hr). Data of Benson et 
a/, (1956) 

Since operation of the hot potassium carbonate process is based primarily on the differ- 
ence in the solubility of CO, at high partial pressure (absorber conditions) and that at low 
partial pressure (stripper conditions), it would be expected to be more efficient with 
increased C 0 2  partial pressure in the feed gas. The magnitude of this effect for the pilot-plant 
operations is shown in Figure 5-25, which includes curves for two outlet-gas compositions. 

Guidelines for the selection of the most advantageous flow system and equipment. with 
respect to feed-gas composition. treated gas purity required, and heat consumption, have 
been presented by Benson and Field (1960). A convenient chart, developed by Bartoo 
(1984), is shown in Figure 5-26. An example design calculation for a hot-potassium-carbon- 
ate plant has been given by Maddox and Burns (1967). 

Operating Problems. In the initial tests made by the U.S. Bureau of Mines, severe como- 
sion of carbon steel was encountered, especially where the conversion to bicarbonate was 
high or where carbon dioxide and steam were released by pressure reduction (Bienstock and 
Field, 1961). Potassium dichromate was found to be an effective corrosion inhibitor, and 
0.2% was used in the solution for subsequent C02-absorption tests. This material is recom- 
mended as a corrosion inhibitor only for plants handling sulfur-free gas. Concentrations of 
1,000 to 3,000 ppm have been found satisfactory for commercial installations. 

Since H2S and possibly other sulfur compounds rapidly reduce the chromate ion. the use 
of this inhibitor is uneconomical in the presence of appreciable quantities of such impurities. 
In addition to increasing operating costs by destroying the inhibitor. the reduction reaction 
results in the formation of insoluble precipitates, which cause erosion of equipment, fouling 
of heat exchanger surfaces, and other operating difficulties. Fortunately, H2S itself appears to 
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Figure 5-25. Effect of partial pressure of COS in feed gas on regeneration efficiency 
(split-stream operation). Data of Benson et a/. (7956) 

inhibit C02 corrosion somewhat so that carbon steel can still be used for most of the equip- 
ment in plants handling gas containing both C 0 2  and H2S. 

It has been shown in the laboratory, pilot plants, and in commercial plants, that small 
amounts (0.01-2.0 wt.%) of metavanadate salts are not only highly effective in inhibiting 
corrosion on steel surfaces in potassium carbonate systems, but also retain their solubility 
and anti-corrosion effectiveness in the presence of C 0 2  and H2S (Bienstock and Field, 1965). 
The metavanadate salts also have the additional advantage that they tend to increase the rate 
of C02 absorption in the absorber column. 

In commercial units today, it is preferred to use the alkali metal metavanadates, particular- 
ly potassium metavanadate (KVO,). If desired, vanadium pentoxide (V205) can be added 
directly to the potassium carbonate solution, forming potassium metavanadate by reaction 
with potassium carbonate. For the corrosion inhibitor to be effective, the plant must be 
designed so that exposed carbon steel surfaces are wetted by the inhibited solution. In order 
to maintain the metavanadate in its fully oxidized (pentavalent) state, the licensors of the 
Benfield process recommend that potassium nitrite be injected into the solution on a careful- 
ly controlled basis (Sorell, 1990). 

The vanadate inhibits corrosion of carbon steel by forming a tightly bonded protective 
iron-oxide scale on the surface. This is effective at very low concentrations of H2S; however, 
at moderate concentrations (about 100-1000 ppm) a much less protective scale containing 
iron sulfide is formed. This can result in pitting corrosion of carbon steels. The occurrence of 
this problem in a large gas purification plant and its solution by the use of stainless steel 
weld overlay has been described by Ferguson and Stutheit (1991). At very high H2S concen- 
trations a thick iron sulfide scale is formed, which can provide some protection against fur- 
ther corrosion without the use of a vanadate inhibitor; however, the H2S concentration and 
other operating requirements to minimize corrosion in such plants are not well characterized. 
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Figure 5-26. Guide for selecting process scheme for hot potassium carbonate plants. 
((Bafoo, 7984) 

Stainless steels (Types 304 and 316) are recommended for the portions of the plant subject 
to particularly corrosive conditions. According to Sore11 (19901, the licensors of the Benfield 
process specifically recommend that the following items be made of 300 series stainless steel: 

* Solution circulating pumps 
0 Letdown hydraulic turbine 
9 Cladding and internals of regenerator shell above top bed (including top head) 
= Top two feet of packing in each bed 
m All solution check valves, throttling valves, and control valves 
* Piping from rich solution letdown valve to regenerator 
0 Reboiler tubes, tube sheets, baffles, and tie rods 

Acid gas separators. coolers, and piping 
Overhead condensers 
Reflux pump and piping 

* All demisters 
Cladding of feed gas separator 
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In the Bureau of Mines pilot plant, both absorber and stripper were packed with porcelain 
rings, and this material is apparently satisfactory although laboratory tests indicate that some 
dissolution of porcelain rings may occur. 

As previously stated, a 40% solution has been found to be too concentrated for commer- 
cial use in some cases because of its tendency to form a slurry of bicarbonate crystals if the 
solution is cooled at any point in the circuit. In the presence of bicarbonate slurry, carbon 
steel cases and impellers of pumps were found to last only a few hours. Reduction of the 
solution concentration to below 30% eliminates this severe erosion; however, stainless steel 
(type 3 16) impellers, case rings, and throat bushings are recommended in pumps handling 
the K2C03 solution as a further safety measure (Buck and Leitch, 1958). 

Column flooding and dumping due to foaming have also been experienced in hot potassi- 
um carbonate process plants; however, it appears that this problem can be solved by the use 
of additives such as polyglycols, silicones, or high molecular weight alcohol foam 
inhibitors. According to Palo and Armstrong (1958), the silicone additive greatly increases 
the column efficiency of both bubble-cap and perforated-tray absorbers by improving the 
bubbling action. 

Activated Solutions 

As pointed out earlier in this chapter, addition of activators or promoters to the solution 
which accelerate the rate of absorption of carbon dioxide, results in appreciable improve- 
ment of the process with regard to investment and operating costs, as well as better product 
quality. The Activated Benfield process, utilizing an amine activator, diethanolamine (DEA), 
is capable of producing high-purity treated gas (less than 500 ppm of COz with capital and 
operating costs substantially below those of the process using unactivated solutions. A large 
number of plants using this process are presently in operation. The activator is inexpensive 
and stable and introduces no operating problems. 

Recently, a new organic activator has been found to be very effective for use in the Ben- 
field process. This activator has demonstrated significantly higher absorption rates than 
DEA, particularly at low partial pressures of COz. The activator also exhibits excellent 
chemical stability with respect to degradation by COz, heat, and oxygen (Bartoo et al., 1991). 
Improved vapor-liquid equilibria have led to reduced circulating inventories and/or energy 
reduction compared to DEA alone. Use of the activator can result in lower capital costs and 
reduce energy consumption in grassroots plants, lower COz product levels, increase capacity, 
or lower regeneration energy in existing units. 

Economics 

Cost data on the hot potassium carbonate process published since its first disclosure (Mul- 
lowney, 1957; Eickmeyer, 1958; Kate11 and Faber, 1960; Benson, 1961) are of limited value 
because of substantial changes in engineering and construction costs during the past years 
and, more importantly, because of the rapid development of technology. The process was 
originally thought to be most economical for bulk removal of carbon dioxide and, in some 
cases, hydrogen sulfide, with a final purification step, using, for example, an ethanolamine 
solution. However, recent developments have shown that product gas of high purity can be 
obtained economically with hot carbonate solutions alone. The economics of the process are 
primarily determined by the overall heat utilization in each specific case, and generalizations 
are not particularly useful. 
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Catacarb Process 

The Catacarb process, which was disclosed by Eickmeyer (1962), is licensed by Eickmey- 
er and Associates of Prairie Village, Kansas. For most applications the Catacarb process uti- 
lizes a catalyzed hot potassium carbonate solution; however, potassium borate solutions are 
used for the removal of hydrogen sulfide in the absence of carbon dioxide (Gangriwala and 
Chao, 1985). The solutions contain undisclosed additives that catalyze absorption and des- 
orption of acid gases? particularly carbon dioxide. The additives, which include a corrosion 
inhibitor, are claimed to have no effect on reformer or methanation catalysts that the purified 
gas may pass through downstream of the Catacarb absorber (Morse, 1968). 

Process Description 

The basic flow scheme of the Catacarb process is similar to that of the Benfield and other 
hot potassium carbonate based processes. Several versions of the process are available, aimed 
at providing improved product gas purity and/or greater heat economy. Gangriwala and Chao 
(1985) describe three primary flow arrangements: (1) single-stage design, in which the gas is 
scrubbed countercurrently by the lean solution in an absorber and the rich solution is regener- 
ated in a simple reboiled stripping column; (2) split-cooled design, in which a portion of the 
lean solution is cooled and sent to the top of the absorber to provide a higher purity treated 
gas; while the bulk of the lean solution is sent hot to the middle of the absorber; and (3) two- 
stage design, in which two distinct stages of both absorption and stripping are used. 

A flow diagram of the two-stage design is shown in Figure 5-27. In this arrangement, a 
small portion of the solution is thoroughly stripped in the bottom section of the regenerator and 
used in the top section of the absorber to assure production of a high purity treated gas. A larg- 
er portion of the circulating solution is less completely regenerated by contact with stripping 
vapors in the top section of the stripper, and this semi-lean solution is used for bulk removal of 
acid gas in the bottom portion of the absorber. This arrangement provides both high purity 
product gas and good heat economy, but results in a somewhat higher plant investment. 

In addition to the three basic flow arrangements and minor variations required for special 
situations, the Catacarb process is available with “low-heat’’ technology. In the most fre- 
quently used low-heat concept. the hot solution from the regenerator is flashed to a lower 
pressure; the flashed vapors (primarily steam with some acid gas) are compressed by use of a 
steam jet or mechanical compressor; and the hot compressed vapors are fed into the regener- 
ator to augment stripping vapor from the reboiler. A flow diagram of a single-stage design 
incorporating this type of low-heat technology is shown in Figure 5-28. 

Although its principal application is the removal of relatively high concentrations of car- 
bon dioxide from gas streams, the Catacarb process is also suitable for hydrogen sulfide 
removal from natural gas, yielding a product gas containing less than % grain of H,S per 100 
cu ft (Eickmeyer, 1971). If required, the carbon dioxide content of hydrogen or ammonia 
synthesis gas can be lowered to 300 ppmv (Morse, 1968). The process is also capable of 
removing trace amounts of other sulfur-containing gases such as COS, CS?, and RSH. 

Additives 

Promoters. The process utilizes two types of additive formulations-organic and inorgar- 
ic-to meet specific treating needs. The proprietary organic formulations, which consist of 



364 Gas Purification 

ABSORBER REGEN E R A TOR 
ACID GAS 

Pu 

FEED 

Figure 5-27. Catacarb process two-stage design. (Gangriwala and Chaq 7985) 
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Figure 5-28. Catacarb process single-stage, low heat design. (Gangriwala and Chao, 7985) 
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amine promoters to improve mass transfer rates and corrosion inhibiting components, are 
typically used in the following applications (Eickmeyer & Associates, 1992): 

e Ammonia synthesis gas 
* Natural gas purification 
e Hydrogen production 
* Mole sieve regeneration gas 
0 Liquefied natural gas 

Figure 5-29 indicates the effectiveness of the catalyst content on solution activity relative 
to a pure potassium carbonate solution. Gangriwala and Chao (1985) report that the propor- 
tion of the catalyst components may be altered to increase H2S removal capacity or remove 
H2S in the absence of C02. 

Inorganic formulated catalysts are used in oxidizing environments where amines and other 
organic components may be degraded by oxygen present in the feed gas. Commercial appli- 
cations for inorganic catalysts include (Eickmeyer and Associates, 1992) 

., Ethylene oxide recycle gas 
N20  production 

0 Vinyl acetate monomer recycle gas 
Autoclave recycle O2 

* CO, from flue gas 

400 

1 I I I I I I I 1 I I I 
I I 

0 5 10 

CATACARB CATALYST CONTENT-% BY VOLUME 

Figure 5-29. Effect of Catacarb catalyst concentration on relative solution activity for 
C02 absorption. Activities are based on observed overall liquid film absorption 
coefficient (Eickmeyer, 1962). Reprinted with permission from Chemical Engineering 
Progress, copyright 1962, American Institute of Chemical Engineering 
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The inorganic catalyst formulations have very low vapor pressure, which is of particular 
importance in ethylene oxide plants where downstream ethylene oxide catalysts could be 
poisoned by contamination with trace amounts of organics. Inorganic catalyst formulations 
have been successfully commercially applied since the early 1980s. As of July 1992,.54 Cat- 
acarb plants were in operation using the organic catalyst and 10 plants using inorganic cata- 
lysts. More than 100 Catacarb plants purifying 10 billion scfd of feed gas have been built in 
27 countries (Eickmeyer & Associates, 1992). 

Corrosion Inhibitors. C 0 2  removal applications use a standard vanadium-based Catacarb 
corrosion inhibitor. However, effective use of the inhibitor requires oxidation by continuous 
injection of a small amount of air (Scott et al., 1987). The inhibitor forms a protective film 
on metal surfaces that prevents corrosion due to C02 attack, thereby permitting carbon steel 
to be used in most of the plant, except in areas of high erosion. The vanadium itself does not 
combine with the iron to form the protective layer. Instead, its presence in the pentavalent 
state provides the oxidation potential necessary to form a passive, tightly adhering magnetite 
layer on the iron surface. The magnetite layer provides the corrosion protection and mainte- 
nance of the desired pentavalent vanadium concentration keeps the magnetite layer intact. 
Isolated corrosion problems associated with existing plants are believed to have occurred due 
to improperly prepassivated process equipment exposed to wet C 0 2  and erosion resulting 
from high solution velocities. Mechanical filtration and activated carbon treating are reported 
to aid in maintaining a clean solution (Scott et al., 1987). 

IF H,S is present in small amounts, the process requires an undisclosed inhibitor to prevent 
corrosion. No corrosion inhibitor is required when H2S is present in large quantities since 
H2S forms an iron sulfide film over the carbon steel surfaces, which in turn prevents further 
corrosion. 

Design and Operating Data 

The principal advantages of the Catacarb process are production of higher purity product 
gas than the uncatalyzed hot potassium carbonate process, consumption of less steam than 
either the potassium carbonate or monoethanolamine systems, and use of smaller equipment 
(resulting in 20 to 30% savings in capital investment) than the conventional monoethanol- 
amine process (Morse, 1968). 

Comparative operating data for two plants using solutions with and without Catacarb cata- 
lyst are shown in Table 5-7 (Eickmeyer, 1962). Plant A operated at an absorption pressure 
of 360 psig with single stage, uncooled absorption. Plant B used split-stream absorption at 
300 psig with cooling of the smaller liquid stream. For Runs 1 and 2 in Plant A these data 
show that catalyst addition resulted in increased capacity and appreciably lower steam con- 
sumption for the same treated gas carbon dioxide concentration. In Runs 3 and 4 in Plant A 
and in Runs 5 and 6 in Plant B, use of the catalyzed solution appreciably improved the treat- 
ed gas purity and heat economy. 

Data from the operation of Catacarb process plants in a wide variety of gas treating appli- 
cations are given in Table 5-8. The data show that the process is capable of providing high 
efficiency removal of C02, H2S, COS, and RSH from gas streams. 

Table 5-9 shows the result of a design study comparing the energy requirements of three 
possible low-heat designs with a conventional Catacarb system. All of the low-heat concepts 
required less reboiler steam and correspondingly less cooling water than the conventional 
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Table 5-7 
Comparison of Hot Potassium Carbonate and Catacarb Process Performance 

Run no. 1 2 3 4 5 6 

Plant 
Catalyst content, % 
Gas rate, MSCFNr 
Inlet gas C02, 5% 
Outlet gas CO,, 5% 
Liquid circulation, gpm 
Steam, lb/MCF COz 
Source: Eickmeyer, 1962 

A A 
0.0 6.8 

405.0 509.0 
23.4 22.8 
1 .o 1.1 

860.0 982.0 
169.0 121.0 

A A 
0.0 7.0 

464.0 472.0 
22.9 23.0 
2.3 0.6 

810.0 815.0 
169.0 149.0 

B B 
0.0 5.0 

1,193.0 1:193.0 
15.2 14.8 
1.5 0.6 

1,360.0 1,220.0 
218.0 167.0 

Table 5-8 
Catacarb Process Operating Experience in a Variety of Acid Gas 

Removal Applications 

Liquefied 
Ethylene Natural Natural Natural 

Plant Product Ammonia Oxide Gas Gas Gas 
Year of Construction: 
Removal Capacity: 

CO, + H2S 
(STDAY) 

Pressure, psig 
Process Gas Conditions: 

Feed Gas: 
Component, % Vol: 
co, 
H2S 
cos 
RSH 

Treated Gas: 
Component, ppmv: 

co2 
H,S 
cos 
RSH 

1982 

2,157 

445 

17.7 
- 

- 
- 

1,500 
- 
- 

- 

1989 

824 

270 

3.5 
- 

- 
- 

2,000 
- 

- 
- 

1964 

20 

820 

6.7 
2.1 

125 ppm 
- 

760 
1.5 

1.5 
- 

1980 

609 

630 

8.3 
1.03 
0.16 
- 

500 
20 
20 
- 

1968 

1,263 

645 

1.4 
0.79 
- 

- 

20 
2.3 
- 

- 

Source: Eickrneyer & Associates, 1992 
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Table 5-9 
Catacarb Process Design Summary for COP Removal in a 1000 Std.T/Day NH, Plant 

CASE: 
Conventional Low-Heat Design (See Note) 

Design CaseA CaseB Case C 

Feed Gas: 
Pres., psig: 
Temp., OF: 
Flow, lb-mol/hr: (Dry) 

H20, lb-molkr: 
Treated Gas: 

Pres., psig: 
Temp., "F 
COz, ppmv: 

C 0 2  Removed: 
Pres., psia: 
Dry Rate, Std. T/day: 
Purity, % Dry: 

Reboiler Duty, MMBtu/hr: 
Steam, lblhr: 
Power, kW: 
Cooling Duty, MMBtuhr: 
(To Water Balance) 

C02, % Dry: 

Utilities: 

396 
399 

12,400 
17.8 

5,068 

386 
180 
500 

20 
1,160 
98.5+ 

84.9 

800 
93.3 

- 

396 
3 10 

12,400 
17.8 

3,007 

386 
180 
500 

20 
1,160 
98.5+ 

35.5 
32,400 

850 
44.0 

Efficiency, 1,000 Btullb-mole CO? 38.7 30.5 

396 
338 

12,400 
17.8 

4,963 

386 
180 
500 

20 
1,160 
98.5+ 

72.6 

800 
81.0 

33.1 

- 

396 
307 

12,400 
17.8 

2,901 

386 
180 
500 

20 
1,160 
98.5- 

33.3 

2,020 
42.1 

15.6 

__ 

Note: Low-heat design incorporates steam recompression and heat exchange techniques to increase 

Source: Eickmeyer & Associates, 1992 
energy effzciency. 

arrangement. However, Case A required 32,000 lbhr  of other steam and Case C required an 
additional 1,220 kw of power (presumably for vapor compression). 

Wiberg et al. (1982) evaluated Catacarb process options in demonstrating techniques for 
attaining an optimum economic design. They considered a two-stage Catacarb unit for a 
1,000 todday ammonia plant without a low-heat system and with a system employing a sin- 
gle flash and vapor compression. For the case where the steam cost is $4/1,000 lb and power 
is $.03/kwh, the use of an optimum flash pressure (12.5 psia) and vapor compression result- 
ed in a small (2.2%) increase in plant cost, but a significant (10.6%) reduction in annual util- 
ities' cost. For this case the payout period for the increased investment was only about 3 
months. Obviously the economic benefit of this low-heat scheme would decrease as the cost 
of power increases or the cost of reboiler steam decreases. 
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Flexsorb HP Process 

Process Description 

The Flexsorb HP Process is a promoted hot potassium carbonate process developed and 
licensed by Exxon Research and Engineering Company. Four commercial plants using the 
process were reported to be in operation in 1992 (Exxon, 1992). The process is similar, with 
regard to flow schemes and general applications, to the activated Benfield and Catacarb 
processes. It is characterized by the use of a sterically hindered amine as the activator. 

A sterically hindered amine has a bulky alkyl group attached to the amino group. Stmc- 
turally, it is defined as either a primary amine, in which the amino group is attached to a ter- 
tiary carbon atom, or a secondary amine, in which the amino group is attached to a sec- 
ondary or a tertiary carbon atom. In general, only aliphatic and cycloaliphatic amines are 
useful in gas treating applications. Aromatic amines are not sufficiently basic. In addition to 
the amino and alkyl groups, the compound must contain a hydrophilic group, such as 
!hydroxy or carboxylic, to assure solubility in water and low volatility. Examples of typical 
sterically hindered amines are 2-amino-2-methyl-I-propanol (AMP) and 1,s-p-menthanedi- 
amine (MDA) (Sartori et a]., 1987). 

According to Exxon (1991), the use of hindered amines in hot potassium carbonate solution 
gives both higher working capacity and higher mass transfer rates than conventional amine 
promoters. The capacity effect is shown in Figure 5-30 (Sartori and Savage, 1983). The 
curves in this figure represent vapor-liquid equilibria for carbon dioxide over unpromoted, 
IDEA-promoted, and hindered amine-promoted solutions of potassium carbonate at 120°C. 
The maximum usable (cyclic) capacity of a solution is the difference between the equilibrium 
loading at the partial pressure of CO2 in the feed gas and the equilibrium loading at C02 par- 
tial pressure conditions existing at the bottom of the stripper. For a partial pressure cycle of 
0.01 psia to 200 psia, the data show the hindered amine promoted solution to have a cyclic 
capacity about 20-30% higher than that of the unpromoted or DEA promoted solutions. 

The effect of hindered amine promoters on the rate of C02 absorption into a potassium car- 
bonate solution has been evaluated using a single sphere absorber (Sartori and Savage, 1983) 
and a pilot scale packed column (Weinberg et al. 1983). The single sphere absorber tests 
showed that unpromoted potassium carbonate provides a mass transfer enhancement in the 
range of 10-30 times that of simple physical absorption. The addition of a conventional amine 
activator (DEA) further increases the mass transfer rate by a factor of about 3, and the subsbi- 
tution of a hindered amine for the DEA gives an additional increase by a factor of about 2. 

The pilot scale absorption tests generally corroborated the single sphere tests. At an average 
solution loading of 0.3 mole C02/mole initial K2C03, a temperature of about 200"C, and a pres- 
sure of 200 psia, the hindered amine-promoted solution provided an overall mass transfer coeffi- 
cient for COz slightly over twice that of the ethanolamine-promoted solution. The advantage 
was even higher at solution loadings of about 0.5 mole C02/mole initial K2C03 and above. 

Both the high mass transfer rate and the high equilibrium capacity are attributed to the low 
stability of carbamates formed by the reaction of carbon dioxide and hindered amines. Car- 
bamates are formed at the gas-liquid interface with both conventional and hindered amine 
promoters. However, the hindered amine carbamates decompose rapidly, releasing fresh 
amine and thereby maintaining a high amine concentration at the interface, which results in a 
high rate of CO, absorption. 

The rapid decomposition of carbamate and the high alkalinity of the hindered amines are 
believed to cause the observed capacity increase because the free amine acts as additional 
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Figure 5-30. Comparison of vapor-liquid equilibrium curves for COS over unpromoted, 
DEA-promoted, and hindered amine-promoted solutions of hot potassium carbonate 
(Samri and Savage, 1983). Reprinted with permission from Industrial Engineering 
Chemical FundamentalsJ Vola 22, copyright 1983, American Chemical Society 

base in the solution. With conventional amines, such as DEA, the stable carbamate ties up 
available amine in an essentially nonreactive form, minimizing the capacity enhancement 
relative to unpromoted potassium carbonate solution (Say et al. 1984). 

Operating Problems 

Corrosion problems and required control methods appear to be quite similar in the Flex- 
sorb HP and other amine activated hot potassium carbonate processes. During pilot plant 
tests the corrosion rate was monitored by the use of corrosion coupons and Corrosometer 
probes. In many of the tests a small amount of H2S, ranging from 0.1 to 0.5 mole %, was 
present in the feed gas. This amount proved adequate to form a protective sulfide layer that 
inhibited corrosion of carbon steel equipment. In tests without H2S or inhibitor, severe corro- 
sion was observed (Say et al. 1984). 
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For commercial plants removing only carbon dioxide or carbon dioxide plus low concen- 
trations of hydrogen sulfide, the use of a vanadium base corrosion inhibitor is recommended. 
For high H2S concentrations, the vanadium inhibitor is unsuitable; however, the formation of 
hydrogen sulfide scale permits operation without an inhibitor. Carbon steel construction is 
applicable for most equipment. The hindered amines used as promoters have low volatility, 
good stability, and low foaming tendency at plant operating conditions (Exxon, 1991). 

Process Economics 

An economic comparison of the Flexsorb HP Process with a conventional amine-promot- 
ed hot potassium carbonate process has been made by Goldstein et al. (1984). The basis of 
comparison was a 20 MM scfd hydrogen plant with a 250 psia absorber. Assumed gas com- 
positions were 19.9 mole % C02 for the feed and 0.2 mole % C02 for the product. The cal- 
culated results showed a 19% higher solution circulation rate and l l% higher reboiler duty 
for the conventional amine-promoted hot potassium carbonate design. 

Giammarco-Vetrocoke Process 
The use of sodium and potassium arsenite solutions for the absorption of carbon dioxide at 

elevated temperatures and pressures was first licensed by Giammarco-Vetrocoke of Venice, 
Italy, in the 1950s. The introduction of improved, nontoxic organic-promoter-based process- 
es has led to the replacement of arsenite-based solutions in many existing plants without any 
loss of capacity or perFormance. Giammarco-Vetrocoke currently proposes use of the non- 
toxic organic-promoted hot potassium carbonate solutions for new plants. However, most of 
the nearly 300 Giammarco-Vetrocoke plants operating worldwide are based on the arsenite 
solution. Giammarco reports approximately 190 plants operating in Europe, 80 in Asia and 
the balance in Africa, America, and Australia (Giammarco-Vetrocoke, 1992B). The.arsenite- 
based process has found practically no acceptance in the United States, probably because of 
the toxicity of the arsenite solution, which requires special precautions in handling. Howev- 
er, one large installation treating high pressure natural gas has operated in the United States 
(Anon., 1960; Jenett, 1962). The Giammarco-Vetrocoke process for hydrogen sulfide 
removal, which is based on the use of aqueous solutions of alkali arsenite and arsenate, is 
described in Chapter 9. 

Basic Chemistry 

The general mechanisms for the absorption of C02 and H2S in alkaline solutions and the 
effects of activators on C02 absorption are discussed in an earlier section of this chapter enti- 
tled “Absorption Mechanisms.” The following discussions are specific to the Giammarco- 
Vetrocoke processes. 

Organic Activators. COz absorption into unpromoted aqueous alkaline solutions is 
believed to occur via the following reactions: 

C 0 2  + H20 = HC03- + H+ 

C032- + HzO = HC03- + OH- 

(5-17) 

(5-18) 
~~ ~~ ~ ~ 

C032- + COz + H20 = 2HC03- (5-19) 
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The reaction rate for the overall reaction 5-19 is determined by the s u m  of the mtes of 
5-17 and 5-18, where 5-18 represents the rate-controlling step. The Giammarco-Vetrocoke 
process uses a glycine activator, which increases the rate of absorption by providing an alter- 
native reaction path for COz, forming glycine carbamate as shown by reaction 5-20: 

HZN CH2 COO- + COz = -0OC NH CHZ COO- + H+ (5-20) 

At high temperatures and in the presence of OH-, the carbamate is hydrolyzed and the 
activator is restored by the following reaction: 

-0OC NH CH2 COO- + H20 = H2N CH2 COO- + HCO, (5-21) 

Reactions 5-20 and 5-21 take place continuously so that glycine acts as a CO, carrier. The 
C02 introduced into the liquid phase reacts quantitatively with potassium carbonate accord- 
ing to reaction 5-19. 

Giammarco-Vetrocoke has also developed a dual activated solution. By adding an amine, 
glycine’s capacity to act as a COz carrier is greatly improved. The amine’s activation mecha- 
nism is similar to that of glycine in forming a carbamate: 

R2NH + COZ = RZNCOO- + H+ (5-22) 

R2NCOO- + H20 = RzNH + HC03- (5-23) 

Since glycine’s reaction rate is much higher than that of the amine, glycine carbamate for- 
mation prevails. Giammarco-Vetrocoke has confirmed the higher efficiency obtained using a 
glycine-activated solution compared to a DEA-activated solution. In a comparison of two 
plants the glycine-activated solution achieved an 18% increase in plant load using less steam 
(Giammarco-Vetrocoke, 1992B). 

In the dual-activated system it is believed that only part of the amine reacts with COz, 
forming amine carbamate, leaving most of the amine available to catalyze the hydrolysis of 
glycine Carbamate. The use of an amine also allows the glycine content to be significantly 
reduced since the formation and hydrolysis of glycine carbamate occurs rapidly. This results 
in an important reduction in the COz vapor pressure in the rich solution due to the presence 
of the additional base. It is claimed that the dual-activated solution has a lower COz vapor 
pressure, a higher regenerator efficiency, and a higher COz absorption rate than the mono- 
activated solution. It is also claimed that the new activated solutions are clean, stable, and 
nontoxic (Giammarco-Vetrocoke, 1992B). 

Arsenite Solutions. Addition of essentially stoichiometric proportions of arsenic trioxide 
to aqueous sodium or potassium carbonate solutions results in a marked increase in the rate 
of absorption and desorption of carbon dioxide, as compared with conventional carbonate 
solutions. Figure 5-31 illustrates this phenomenon by comparing, qualitatively, the rate of 
absorption of carbon dioxide at 1 atm partial pressure and room temperature in 40% potassi- 
um carbonate and in a typical solution used in the Giammarco-Vetrocoke process (Riesen- 
feld and Mullowney, 1959). The effects of the more rapid absorption and desorption are 
appreciable savings in regeneration heat, reduction in equipment size, and production of 
treated gas of higher purity than is possible with ordinary hot carbonate solutions. 
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Figure 5-31. Comparative rate of absorption of COP in 40% potassium carbonate and 
typical Giammarco-Vetrocoke arsenical solution. (RiesenfeM and Muiiowney, 1959) 

The chemical reactions occurring during absorption and desorption of carbon dioxide can 
be symbolized by the following equations: 

Absorption: 

6C02 + 2K3As03 + 3H20 = 6KHC03 + As203 (5-24) 

C02 + K2CO3 + H20 = 2KHC03 (5-25) 

Desorption: 

6KHC03 + As203 = 2K3As03 + 6C02 + HzO (5-26) 

2KHC03 = K2C03 + H20 + COz (5-27) 

It is claimed that the addition of arsenic trioxide not only increases the rate of carbon diox- 
ide absorption, but also the carrying capacity of the solution. Jenett (1962) reports that an 
arsenite solution of 30% equivalent potassium carbonate content, regenerated with 0.45 Ib of 
steam per gallon, has about 25% more carrying capacity for carbon dioxide than a potassium 
carbonate solution of the same equivalent concentration. The carbon dioxide content of the 
gas treated with the arsenite solution is substantially lower than that of the gas treated with 
the carbonate solution. These observations indicate that arsenic trioxide. increases the rate of 
hydration of carbon dioxide to carbonic acid in the absorption step and also the shift of pH 
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toward the acid side in the regeneration step, resulting in more complete expulsion of the 
absorbed carbon dioxide. The net effect of these two phenomena is higher solution capacity 
and lower carbon dioxide content of the purified gas. 

Process Description 

Organic Activated Solutions. A typical flow diagram for the Giammarco-Vetrocoke 
process with organic activated hot potassium carbonate scrubbing solution is shown in Figure 
5-32. The process illustrated uses two-pressure-level regeneration to provide good heat econe 
my and split flow solution circulation to assure complete acid gas removal. Solution from the 
bottom of the high pressure regenerator is flashed in the low pressure regenerator then 
pumped to the top of the upper section of the absorber. Partially regenerated solution from the 
middle of the high pressure regenerator is flashed in the upper section of the low pressure 
regenerator then fed to the middle of the absorber to absorb the bulk of the carbon dioxide. 

Organic activators achieve their maximum efficiency at elevated absorption temperatures 
since, under such conditions, the carbamate dissociation is promoted. It is therefore neces- 
sary  to modify the equipment configuration when converting some existing systems to acti- 
vated potassium carbonate solution. For example, plants which were originally designed for 
MEA require removal of the rich solutiodean solution heat exchange equipment, and may 
also require conversion from single-stage to split-flow operation to assure product gas purity. 

i 

Figure 5-32. Giamrnarco-Vetrocoke process flow scheme with split-stream absorption 
and two-pressure-level regeneration. (Giammamo-Vetmcoke, 19928) 
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Solution changeover may also provide the opportunity for a regenerator revamp to the 
two-pressure-level configuration shown in Figure 5-32. Giammarco-Vetrocoke reports a 
reduction in energy consumption as high as 40%, a capacity increase of as high as 25%, and 
a reduction in COz slippage when the two-pressure-level regeneration system is used 
(Giammarco-Vetrocoke, 1992B). 

Arsenite Activated Solutions. Typical flow diagrams for the Giammarco-Vetrocoke 
arsenite-based process are shown in Figures 5-33 and 5-34. The flow scheme shown in Fig- 
ure 5-33 illustrates the version of the process in which steam is used for solution regenera- 
tion. This arrangement is used primarily for carbon dioxide removal from synthesis gas or 
crude hydrogen when the gas to be treated is hot and inexpensive steam is available. The 
flow is quite conventional; the hot gas is washed countercurrently with the solution in the 
absorber which usually is a packed column, although trays can also be used. The rich solu- 
tion flows first to a flash drum where a portion of the carbon dioxide is removed by pressure 
reduction. The partially stripped solution is then heated by exchange with the lean solution 
before entering the regenerator where it is stripped of its remaining carbon dioxide by steam 
rising in the column. The regenerator is also a packed column provided with a reboiler for 
supply of heat. The carbon dioxide leaving the top of the regenerator is cooled; the con- 
densed water is collected in a reflux drum and recycled to the regenerator, while the cold 
carbon dioxide is vented to the atmosphere. 

The lean solution leaving the bottom of the regenerator is first cooled by heat exchange 
against the partially stripped solution and then further cooled before being returned to the 
absorber. The second cooling step is optional, depending on the gas purity required. 

Air regeneration of the arsenite solution is illustrated in Figure 5-34. The rich solution 
leaving the absorber is heated by steam before entering the flash drum, where part of the car- 
bon dioxide is flashed off. The partially stripped solution then flows to the top of the regen- 
erator where final stripping is obtained by countercurrent contact with a stream of preheated 
and water saturated air. The mixture of carbon dioxide and air leaving the top of the regener- 
ator is washed with cold water in the dehumidifier in order to recover heat and condense 
water contained in the gas stream. The cooled mixture of air and carbon dioxide is vented to 
the atmosphere, while the water flows from the dehumidifier to the gas presaturator. In this 
manner, maximum heat economy is achieved. 

Process Operation 

Operating data for a large arsenite-based plant treating natural gas at high pressure have 
been reported by Jenett (1962). The feed gas to the unit contained a small amount of hydro- 
gen sulfide, which was removed by an arsenate-arsenite solution (see Chapter 9) prior to car- 
bon dioxide removal. The potassium arsenite solution was regenerated by air stripping. 
Operating data for this plant are shown in Table 5-10. 

The entire plant is constructed h m  carbon steel, and no evidence of corrosion has been 
reported. Also, no discharge of toxic material to the atmosphere with the regeneration air has 
been observed. Economic comparisons of the Giammarco-Vetrocoke arsenite-based process 
with the hot potassium carbonate and ethanolamine processes have been presented by Riesew 
feld and Mullowney (1959) and by Jenett (1962). These comparisons show a definite economic 
advantage of the GiammarceVetrocoke process over the other two processes with respect to 
both capital investment and operathg costs. However, the comparisons do not take into account 
toxicity concerns, the more recently developed activated potassium carbonate solutions, and 
design improvements in the ethanolamine process and, therefore, are of limited value. 
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Table 5-10 
Operating Data for Giammarco-Velrocoke Plant for Naiural-Gas Treating 

Number of absorbers 3 
Number of regenerators 6 

coz, % 28 
HzS, grll00 SCF 2.5 

Outlet gas, MMSCF/day 130 

Inlet gas, MMSCFlday 180 

c02, % 2.0 
H2S, gr/lOO SCF c0.25 

Solution circulation, gpm 8,000 
Steam, lbhr 65,000 
Power, kW 1,400 
Fuel, MMSCF/day 3.8 

Note: CO, removal was followed by dehydration with triethylene glycol. 
Source: Jenett, 1962 

Absorber Pressure, psig 1,000 

Operating requirements of the organic-activated potassium carbonate version of the 
process are reported to be in the following ranges per MSCF acid gas: 

Regeneration heat, Btu 30,000-80,000 
Power, kwh 1-2 
Cooling, Btu 30,000-50,000 

For the organic-activated process, the Giammarco-Vetrocoke dual pressure regeneration sys- 
tem results in low energy requirements and is the preferred flow scheme (Giammarco-Vetro- 
coke, 1992A). 

ABSORPTION AT AMBIENT TEMPERATURE 

Carbon Dioxide Absorption in Alkali-Carbonate Solutions 

Sodium and potassium carbonate solutions were once widely used for C02 absorption 
from flue gases in dry ice production. The operation has been adequately described by 
Quinn and Jones (1936) and by Reich (1931). The primary reason for removing COz was to 
provide a raw material for subsequent processing. In the COz-recovery process, the alkali 
carbonate was partially converted to bicarbonate in the absorber and back to the carbonate 
again in the regenerator, which was heated by steam. Two packed absorbers in series were 
often used because of the low rate of COz absorption. Major drawbacks of the process were 
low COz recovery efficiency and the high regeneration steam requirement. The majority of 
modem C02 plants employ aqueous monoethanolamine to remove COz from flue gas (see 
Chapters 2 and 3). 
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Sodium carbonate (with free hydroxyl due to excess caustic) has also been used to remove 
the last traces of carbon dioxide from hydrogen (or other gases) from which carbon dioxide 
has been removed by the use of a relatively inefficient process or to provide a high purity 
product h m  a gas stream containing trace quantities of COz (or other acid gases). In this 
operation, the sodium carbonate in the solution is formed by the reaction of COz with free 
hydroxyl, and the alkalinity is maintained at a high level by the periodic addition of fresh 
caustic. No attempt is made to regenerate the solution, which is discarded or used elsewhere, 
when its alkalinity is reduced to the point where it is no longer effective for COz removal. 
Processes of this type are described in a later section entitled “Caustic Wash Processes.” 

Design and Opersting Data 

The vapor pressure of carbon dioxide over sodium carbonate bicarbonate solutions can be 
related by the following equation presented by Harte et al. (1933): 

137f2 N’.29 
“02 = S (1 - f )  (365 - t) (5 - 28) 

Where: N = sodium normality 
f = fraction of total base present as bicarbonate 
t = temperature, “F 

Pcoz = equilibrium partial pressure of COz, mm Hg 
S = solubility of COz in water under a pressure of 1 atm, moles C02/liter 

Values for S are available in standard texts. Seidell (1940) gives the values listed in Table 
5-11. When free hydroxide is present, the vapor pressure of COz over the solution is so low 
that it can usually be neglected. 

Numerous studies have been made of COz absorption in sodium carbonate, bicarbonate, 
and hydroxide. An excellent review of the early work is presented by Sherwood and Pigford 
(1952A). For the carbonate bicarbonate region, the data of Furnas and Bellinger (1938) pro- 
vide an equation relating the overall gas-film coefficient with packing characteristics and liq- 
uid rate, as follows: 

Table 5-11 
Solubility of C02 in Water with Changing Temperature 

I Temperature S, molesfliter 

15°C (59°F) 0.0455 
25°C (77°F) 0.0336 
45°C (113°F) 0.0215 
75°C (167°F) 0.0120 

Source: Seidell(1940) 



Where: &a = overall gas-film coefficient, lb moles/(hr)(cu ft)(atm) 
L = liquid rate; lb/(hr)(sq ft) 

= surface area of packing (dry), sq ft/cu ft 
C' and n = constants 

At 77"F, a sodium carbonate molality of 0.5, and with 20% of the sodium in the form of the 
bicarbonate, the constants for equation 5-28 are as in Table 5-12. At temperatures above 
77"F, the absorption coefficient increases rapidly. An increase to 130°F, for example, almost 
doubles the coefficient. 

Table 5-1 2 
Constants for Equation 5-29 

Packing C' n ad(sq ft/m ft) 
Raschig rings, Kin. 1.53 x lo4 0.56 148 
Raschig rings, 1-in. 0.81 x 10-4 0.36 58 
Berl saddles, 1-in. 1.00 x lo" 0.42 79 

In the carbonate-hydroxide region, the rate of absorption of C 0 2  is found to be much higher 
than in the carbonatebicarbonate region. It is theorized that this is because the molecular car- 
bon dioxide can react directly with hydroxyl ions to form the carbonate ion and that this reac- 
tion proceeds rapidly in strongly basic solutions. Useful design data on the absorption of car- 
bon dioxide by sodium hydroxide solutions have been presented by Tepe and Dodge (1943). 
The data were obtained in an absorber of 6-in. diameter packed with 36 in. of 0.5-in. carbon 
raschig rings. These observers found that &a varies with sodium-ion normality and percentage 
conversion to carbonate as shown in Figure 5-35. They propose that &a values taken from the 
chart be adjusted to other liquid rates and temperatures by the use of the following relation: 

where T is the absolute temperature and L is the liquid rate. 

Tepe and Dodge found &a to be essentially independent of gas rate, a condition which 
would normally indicate that the liquid film was controlling absorption. However, the expo- 
nent relating the effect of liquid rate is not as high as would be expected in a simple liquid- 
film-controlled absorption. As shown in the figure, the absorption coefficient increases with 
increased sodium hydroxide concentrations up to about 2 N and then decreases. The decrease 
is presumably due to the higher viscosity of more concentrated solutions-a phenomenon 
also observed for alkanolamine solutions. 

The absorption of carbon dioxide in potassium hydroxide and carbonate solutions is gen- 
erally similar to that of the corresponding sodium compounds. However, Spector and Dodge 
(1946) found that slightly larger coefficients are obtained for KOH than for NaOH. The 
absorption of carbon dioxide in hot potassium carbonate solutions is discussed in an earlier 
section of this chapter. 
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Figure 5-35. Absorption of COP in sodium hydroxide-sodium carbonate solutions. Data 
of Tepe and Dodge (1943) 

1.0 

Seaboard Process 
The Seaboard process, which was introduced in 1920 by the Koppers Company, Inc. (now 

part of ICF Kaiser Engineers of Pittsburgh, PA), was the first commercially applied regener- 
ative liquid process for H2S removal. The process is based on a dilute sodium carbonate 
solution absorbent with air stripping, and is thoroughly described by Sperr (1921). The 
Seaboard process has been largely displaced by the Vacuum Carbonate process, also devel- 
oped by Koppers and now offered by ICF Kaiser. The principal advantage of the Seaboard 
Process is its simplicity. Its chief drawbacks are (a) the occurrence of side reactions caused 
by the introduction of oxygen in the &-regeneration step and (b) the disposal of the foul air 
containing H2S. The process is capable of HzS-removal efficiencies of 85 to 95% in single- 
stage plants. 

As of 1992, ICF Kaiser Engineers reports two operating Seaboard plants in the United 
States. Environmental problems associated with the air regeneration step have restricted its 
use (ICF Kaiser Engineers, 1992). 

Process Description 

A flow sheet of a typical Seaboard-process installation is presented in Figure 5-36. The 
circulating solution normally contains 3.0 to 3.5 wt % sodium carbonate. This is used to 
wash the gas in a countercurrent absorber column and is regenerated in a separate actifier 
column by a countercurrent flow of low-pressure air. The principal chemical reaction in the 
process is as follows: 

Na2C03 + HzS = NaHC03 + NaHS (5-31) 

According to Gollmar (1945A), the solution flow rate is between 60 and 150 gaY1,OOO scf 
of gas, depending upon the HzS and COz concentrations in the gas. For typical coke-oven 
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Figure 5-36. Flow diagram of Seaboard gas-purification process. 

gas containing 300 to 500 grains of H2S/100 scf and 1.5 to 2.0% C02, the solution flow rate 
will be in the range of 60 to 80 gay1,OOO scf, representing a carrying capacity of around 50 
graindgal. For higher H2S concentrations and higher than normal C02, particularly the latter, 
solution flow rates up to 150 gaUl,O00 scf may be required. 

The air rate required for solution regeneration is usually from 1.5 to 3.0 times that of the 
gas, depending upon the H2S removal efficiency desired. The actifier exhaust gas, therefore, 
contains the H2S removed at a concentration of about one-half that in the feed-gas stream. 
Since such concentrations of H2S are extremely objectionable, it is necessary to either vent 
the air through a tall stack or, preferably, to use it as combustion air for some other plant 
operation. Disposal by combustion offers advantages, including conversion of H2S to the 
less objectionable SOz, and better dispersal because of the high temperature and velocity of 
the combustion-stack gases. 

Plant Operation 

As shown by the flow diagram, the process is quite simple. In some cases, plants have 
been built with a single tall tower, half of this being used for absorption and the other half 
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for stripping. Principal auxiliary equipment items are the air fan, solution pump, and solu- 
tion and air heaters. Since air is required in large quantities for regeneration, it is important 
that the actifier column be designed for very low pressure drop to minimize horsepower 
requirements. 

The use of air as stripping vapor bas the disadvantage of promoting oxidation in the sys- 
tem when air is used, approximately 5% of the hydrogen sulfide that is absorbed is oxidized 
to thiosulfate. As sodium thiosulfate is not regenerable by simple stripping, buildup of this 
salt results in a loss of solution activity, and it becomes necessary to replace a portion of the 
solution periodically. 

Hydrogen cyanide is also absorbed by the sodium carbonate solution and, to a consider- 
able extent, is oxidized by the oxygen in the air used for stripping according to the following 
reaction: 

2NaHS + 2HCN + O2 = 2NaSCN + 2H20 (5-32) 

Although it has been reported that the spent Seaboard process solutions have some value 
because of their NaSCN content, in most cases their disposal is a serious problem from the 
water pollution standpoint. 

Vacuum Carbonate Process 

The use of vacuum distillation for regeneration of the alkali-carbonate solutions used in 
H2S absorption was a development of the Koppers Company, Inc., now part of the ICF 
Kaiser Engineers of Pittsburgh, PA (Sperr and Hall, 1925; Powell, 1941). The process was 
an outgrowth of the early Seaboard process (which used air reactivation) and offered the 
advantage over this process of recovering the H2S in a concentrated, usable form. The use of 
vacuum reduced the steam requirement to about one-sixth that required for steam-stripping 
at atmospheric pressure (Gollmar, 1945B). The first installation of the Vacuum Carbonate 
process was in Germany in 1938 and used a potassium carbonate solution. Plants constructed 
in the United States have in general utilized sodium carbonate solutions. The process has 
been primarily applied to coke-oven gas streams, which generally contain 300 to 500 grains 
H2S/100 scf. Coke-oven gas also contains HCN and other impurities which may cause diffi- 
culties with other H2S-absorption systems. Figure 5-37 depicts a Vacuum Carbonate-process 
installation in a large cokeoven plant. 

Although the Vacuum Carbonate process is still commercially available, in recent years it 
has been replaced in many coke-oven gas treating installations by processes based on the 
oxidation of hydrogen sulfide to elemental sulfur in the liquid phase (see Chapter 9). 

Process Description 

A simplified process flow diagram is shown in Figure 5-38. The impure gas is contacted 
with dilute sodium carbonate in a packed countercurrent absorber. Rich solution is passed to 
the top of an actifier column, where it is regenerated by vacuum distillation. The regenerated 
solution is then pumped from the bottom of the actifer through a solution cooler and back to 
the absorber. Actifier overhead gases, which consist of H2S, HCN, COz, and water vapor, 
pass through condensers and a vacuum pump system. In the process as illustrated in Figure 
5-38, the heat required for activation is provided by low-pressure steam in a reboiler at the 
base of the actifier. 
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Figure 5-37. Vacuum Carbonate (hot-activation) gas-purification plant. Koppers 
Company, Inc. 

In a modification of the process aimed at reducing steam consumption (Gollmar, 1949), a 
major portion of the heat is supplied to the solution in the actifier by heat exchange with a 
source of low level waste heat. Such heat is available in most coke-oven plants in the form of 
“flushing liquor,” which is circulated through the hot gas-collecting mains and reaches a 
temperature of 75” to 80°C (167” to 176°F) (Gollmar and Hodge, 1956). Solution from the 
bottom of the actifier is pumped through heat exchangers, where it is heated by the flushing 
liquor. It then flows back to the lower portion of the actifier where stripping vapors are 
flashed off as a result of the relatively low boiling temperature in the vacuum actifier. 

The original form of Vacuum Carbonate process (shown in Figure 5-38) was designed to 
remove approximately 90% of the H2S. In order to comply with increasingly stringent envi- 
ronmental regulations, the Koppers Company developed the two-stage process to attain 
about 98% H2S removal without excessive steam consumption (Grosick and Kovacic, 1981). 

A flow diagram of Koppers’ two-stage process is shown in Figure 5-39. Coke-oven gas 
enters the bottom of the absorber and is contacted countercurrently with semi-lean solution 
in the bottom (primary) stage then with lean (activated) solution in the top (secondary) stage. 
This arrangement produces high purity product gas without the requirement of completely 
stripping the entire circulating solution stream. 
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Figure 5-38. Simplified flow diagram of Vacuum Carbonate process. 

The activator is also divided into two stages. The top (primary) stage provides partial 
stripping of the highly loaded solution from the primary absorber stage, and the bottom (sec- 
ondary) stage provides very complete stripping of the smaller solution stream from the sec- 
ondary absorber stage. Partially stripped solution from the primary activator stage is mixed 
with lightly loaded solution from the secondary absorber stage to form the semi-lean solution 
fed to the primary absorber stage. 

The flow diagram of Figure 5-39 includes a Koppers heat recovery system to minimize 
steam consumption. The high vacuum in the activator reduces the boiling point of the solu- 
tion so that low temperature heat sources can be used to generate stripping steam. In the sys- 
tem shown, lean solution from the bottom of the activator is used as the cooling medium in 
the inter- and after-condensers and is also heated by heat exchange with flushing liquor 
before it is flashed back into the acfivator. Additional heat can be added by the use of live 
steam in a solution heater as shown in the diagram and by heat exchange with hot wash oil 
(not shown) (Koppers, 1978). 

Another concept for reducing steam consumption in the Vacuum Carbonate pr0ce.s~ has 
been used successfully in a Ukraine coking plant (Redin et al., 1986). The plant originally 
used heat exchange between a recirculated stre.am of lean solution from the activator bottom 
and hot coke-oven gas as the Primary source of heat to the activator. The modification con- 
sisted of substituting essentially pure water condensate for salt solution in the heat transfer 
loop. In the revised flow system, the condensate is heated by heat exchange with coke-oven 
gas then flashed to activator pressure. A poltion of the water is vaporized and used as strip- 
ping steam; the remainder, which is cooled by the flashing step, is recirculated through the 
heat exchanger. Water condensed from the acid gas stream is used as makeup to replace the 
amount flashed off. 

Since pure water has a lower boiling point and higher heat capacity than the salt solution 
used for absorption, it is capable of extracting significantly more heat from the hot coke 
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Figure 5-39. Koppers’ two-stage Vacuum Carbonate process. Diagram courtesy of ICF Kaiser Engineers 
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oven gas. In the example given, the temperature of the liquid entering the coke-oven gas heat 
exchanger was reduced about 5°C (9"F), and steam consumption of the unit was reduced 
from about 15-20 LT/h to 0-5 LTh. An additional benefit claimed for the process modifica- 
tion is a reduction of corrosion in the heat transfer loop (Redin et al., 1986). 

Basic Data 

Principal reactions occurring in the Vacuum Carbonate process are 

Na2C03 + CO, + H20 = 2NaHC03 (5-33) 

NaZCO3 + H2S = NaHS + NaHC03 (5-34) 

Na2C03 + HCN = NaCN + NaHC03 (5-35) 

Side reactions, which may occur if air contacts the solution, include equations 5-36 and 5-37: 

2NaHS + HCN + O2 = 2NaSCN + 2H20 (5-36) 

2NaHS + 2 4  = Na2S203 + H20 (5-37) 

The COz absorption-desorption reaction (equation 5-33) is not completely reversed in the 
stripping operation; thus, a considerable proportion of the soda ash remains as sodium bicar- 
bonate, and very little net C02 removal is realized. An analysis of the actified solution from 
an operating plant, Table 5-13, has been given by Kurtz (1955). 

The high values for NaSCN and Na2S203 given in Table 5-13 are not necessarily typical, 
as these will depend upon the extent to which oxygen is admitted to the system as well as on 
the age of the solution. In the plant from which the solution shown in Table 5-13 was taken, 
a specific gravity of 1.125 at 60°F was adopted as the maximum allowable in the actified 
solution. The solution was discarded when dissolved solids increase to the point where this 
specific gravity was attained-usually after 6 to 8 months operation. 

The active ingredient of the solution can be considered to be the Na2C03, which provides 
alkalinity for the absorption of acid gases. The reactions between acid gas and Na2C03 are 
not complete, however, and can only approach the equilibrium condition corresponding to 
the gas and liquid composition. When H2S is absorbed by sodium carbonate solution, NaHS 
and NaHC03 are formed by the reaction given in equation 5-34. The vapor in equilibrium 
with such a solution thus contains both H2S and C02 in accordance with the decomposition 
pressure of these two compounds. Carbon dioxide is the stronger acid and is held more firm- 
ly; however, its rate of absorption is much lower. As previously stated, the low rate of 
absorption of carbon dioxide is believed to be due to a slow chemical reaction that must 
occur before combination of C02 and Na2C03 can take place. The rate-controlling reaction 
is most probably that of the dissolved molecular C02 with OH- ions to form HC03- ions. 
Hydrogen sulfide does not require hydration to form an acid and can, therefore, react rapidly 
with alkaline solutions. 

Litvinenko (1 952) studied the absorption of H2S in solutions of sodium and potassium car- 
bonate on a laboratory scale and found that at low H2S partial pressures (1 % H2S in nitrogen 
at 1 atm total pressure) the gas film presented the major resistance. Solutions containing 5% 
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Table 5-1 3 
Vacuum Carbonate Process Solution Analysis 

I Constituent Concentration, ghiter I 
NaZCO3 20.25 
NaHC03 25.38 

NaHS 0.67 
NaZSZ03 9.48 
NaSCN 66.62 

Specific gravity (60°F) 1.103 
Total solids 163.86 gfliter 

Boiling point 103.0"C (217.4"F) 
(30.38 in. Hg) 

Source: Kurtz (1955) 

Na2C03 and 15% K2CO3 were studied. Although the potassium carbonate produced slightly 
higher absorption coefficients, results with both solutions were similar, &a was found to 
vary as Go.a (in a 13-mm ID column packed with 5-mm glass rings) and as Lo.% (in a 9.5- 
mm ID wetted-wall column). These results indicate that the H2S reaction rate is fast enough 
to make the liquid film resistance small relative to the overall resistance. Similar conclusions 
were reached by Gamer et al. (1958). 

When both H2S and COz are present in the gas stream contacting a sodium carbonate solu- 
tion, a higher percentage of the H2S will be absorbed (in a tower of reasonable height) 
because of the difference in rates of reaction. Unfortunately, however, the C02 that is 
absorbed will not be completely stripped and the bicarbonate concentration of the solution 
will gradually build up until a steady-state condition is attained. At this point, the quantity of 
COz absorbed (which decreases with increased NaHC03 concentration) will equal the quan- 
tity stripped in the desorption step. The net effect of increased COz concentration in the gas 
(with the same HzS concentration) is thus to increase the NaHC03 content of the circulating 
solution, thereby decreasing its absorptive capacity and resulting in an increased solution cir- 
culation requirement. 

Plant Design and Operation 

Absorption. Packed absorbers are generally employed in the Vacuum Carbonate process. In 
one commercial unit (plant A of Table 5-14), the packing is in the form of hurdles made up 
of numerous small wood slats (West Virginia spruce) (Kastens and Barraclough, 1951). 
Ceramic saddles are generally used in Koppers' two-stage process absorbers (Koppers, 
1978). Plants that have been &scribed are used for treating coke-oven gas, which contains 
250 to 500 grains HzS/lOO cu ft and 1% to 3% COz. This type of gas is usually treated at a 
relatively low pressure (below 25 psig). 

According to Smith (1953), up to 93% of the HCN and 5 to 7% of the COz are also 
removed with the H2S. When the process is operated to attain very high HzS-removal efficien- 
cy, more C02 is also removed. Since the absolute quantity of HzS absorbed does not increase 
materially, the resulting acid-gas stream then contains a higher percentage of CQ. Operating 
data on the absorption step in two commercial installations are presented in Table 5-14. 
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Table 5-1 4 
Vacuum Carbonate Process Absorber Data 

Plant A Plant B 
Absorber (Kastens and Barrmlough, 1951) (Kurtz, 1955) 

Gas Rate, SCF/hr 

Gas composition: 
H2S, grains/100 SCF 
H2S, percent 
HCN, percent 

Solution rate, gpm 
Absorber pressure, psig 
Purification efficiency, 5% removed: 

H2S 
HCN 

2,300,000 

300 
0.48 
0.13 
533 
2 

93 
85-90 

1,000,000, avg. 
1,300,000, max. 

406 avg. 
0.64 

375-400 
15-20 

85 avg. 

Desorption. The solution is stripped in a column called the “actifier,” which is operated at a 
pressure of about 2.0 to 2.5 psia. Steam is used as stripping vapor and is generated by boiling 
the solution in the reboiler at the base of the actifier. Because of the reduced pressure, boil- 
ing occurs at a temperature of about 140°F (60°C). Both wood hurdle-packed and bubble- 
plate columns have been employed for actifying. In plant B of Table 5-14, the actifier is 
equipped with 15 stainless-steel bubblecap trays. 

Since the reboiler heat can be supplied at a very low level, it is frequently possible to uti- 
lize waste heat from other plant streams. As previously mentioned, one such source of heat is 
the flushing liquor which is circulated in the hot-gas mains of coke-oven plants. 

The quantity of heat required for regeneration depends to a considerable extent upon the 
degree of H$ removal desired. In plant A of Table 5-14, flushing liquor is used as the 
source of heat. In plant B, it is reported (Kurtz, 1955) that 13,000 to 15,000 l b h  of steam 
are used for reboiling at the base of each actifier. Since 1 to 1.3 MMscfh of gas are treated 
per unit, the steam requirement is about 12.0 lbh4scf of gas purified. 

Acid gas leaving the actifier of plant B contains 5 to 9% HCN. This is removed by a water 
wash prior to combustion of the H2S for use in sulfuric acid manufacture. Acid-gas analyses 
for plants A and C are presented in Table 5-15. 

At plant A, the HCN that is removed in the Vacuum Carbonate process is recovered as a 
by-product. In most other plants, this substance is either removed and burned (to permit the 
H2S to be utilized in conventional acid plants), or it is destroyed in a specially designed sul- 
furic acid plant, which utilizes the H2S. 

Operating Problems. Minor constituents in coke-oven gas, particularly naphthalene, can 
cause difficulty in the operation of Vacuum Carbonate process plants. Smith (1953) recom- 
mends that the process be limited in application to gases containing not more than 2 grains naph 
thalend100 scf; 1.5 grains ammonia (including pyridine)/lOo scf; and 1 grain tar fog/lOO scf. 

Coke-oven gas normally meets these specifications after it has passed through benzene 
washers. If the Vacuum Carbonate process is located ahead of the benzene washers, which is 
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Table 5-1 5 
Analysis of Acid Gas From Plants Using Vacuum Carbonate Process 

Gas content, % 
Plant A Plant C 

Gas (Kastens and Barraclough, 1951) (Smith, 1953) 

H2S 55 70 
HCN 15 10 
co2 25 15 
N2, etc. 5 5 

sometimes done to improve HCN yield, special precautions are necessary to minimize diffi- 
culties caused by naphthalene. 

Naphthalene is only very slightly soluble in the sodium carbonate solution; however, a 
small amount is absorbed by the solution when it contacts the coke-oven gas. Absorbed 
naphthalene is stripped from the solution in the actifier and carried by the acid-gas stream to 
the condensers. The naphthalene concentration in the acid-gas stream will thus be a function 
of the initial concentration in the cokeoven gas. If this concentration is too high, condensa- 
tion will occur when the acid gas is cooled. Since naphthalene condenses as a solid, this can 
cause plugging of condensers and other equipment. 

Ammonia dissolves readily in the Na2C03 solution and is also stripped in the actifier. 
Cooling the actifier effluent gas causes the condensation of water, which readily absorbs 
ammonia from the acid-gas stream. The ammonia dissolved in the condensate increases the 
solubility of H2S and, as this is returned to the system, the overall H2S-removal efficiency of 
the process is reduced. Pyridine behaves in a similar manner; however, the quantity of this 
compound is usually too small to have an appreciable effect on process efficiency. 

Corrosion is generally not a major difficulty with Vacuum Carbonate plants because of the 
relatively low temperatures employed. Mild steel is the primary material of construction, 
although, as previously mentioned, wooden and ceramic packings and stainless-steel actifier 
trays are also used. Stainless steel is also used for minor components of the vacuum and 
other pumps, thermometer wells, and instrument diaphragms (Smith, 1953). 

One problem common to all processes using liquids for the purification of coke oven 
gases or other coal derived gases is the handling of contaminated waste streams within the 
framework of existing environmental pollution control regulations. The principal offender in 
coke-oven gas is hydrogen cyanide, which is readily soluble in most solvents and is quite 
reactive with the chemicals used as active treating agents. The reaction products such as 
cyanides, thiocyanates, and iron-sulfur-cyanide compounds have to be eliminated before liq- 
uid waste streams can be disposed of in sewage systems. A considerable effort has been 
made to develop economical methods for acceptable waste disposal and some are in industri- 
al use. A good review of such methods, including those used in vacuum carbonate units, has 
been presented by Massey and Dunlap (1975). 

Operating Requirements. Comparative operating data for a Koppers two-stage Vacuum 
Carbonate plant and a single-stage Vacuum Carbonate plant, both with Koppers heat 
exchange systems to conserve steam, are presented in Table 5-16 (Koppers, 1978). The 
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Table 5-1 6 
Comparative Operating Data for a Koppers Two-Stage Vacuum Carbonate 

Plant and a Single-Stage Vacuum Carbonate Plant with Koppers Heat 
Exchange Systems 

General Design Data Two-Stage Single-Stage 
~ 

Coke-Oven Gas Processed, scfd 
Average H2S in Inlet Gas, grad100 scf 
Average H2S in Outlet Gas, grad100 scf 
Average H2S Removal, % 
Cooling Water Temperature, "F 
Vapor Temperature Leaving Vapor Condensers, "F 
CokeOven Gas Temperature to Vacuum Carbonate 

Coke-Oven Gas Pressure to Vacuum Carbonate Plant, 
Plant, "F 

Inches W.C. 

60,000,000 
500 
10 
98 
80 
100 

90 

23 

60,000:000 
500 
50 
90 
80 
100 

90 

20 

Utility and Chemical Requirements 

150 psig Steam Required, lb/day 
AcMier Reboiler 
Jet Ejectors 
Fresh Solution Tank Agitator and Misc. 

Total 
City Water, gpd 

Cooling Tower Make-up 
Electric Power, kwWday 

Solution Circulating Pumps 
Flash Solution Pump 
Condensate Pumps 
Flushing Liquor Pump-Additional Power 
Cooling Tower Fans 
Cooling Tower Pump 
Chemical Treatment Pumps 
Lighting 

Total 
Chemicals, lb/day 

Sodium Carbonate 
Cooling Tower Chemicals 

- 
5 14,000 
3,000 

517,000 

360,000 

2,400 
3,600 

30 
580 

3,840 
3,600 

10 
30 

14,090 

530 
335 

- 
389,000 
3,000 

392,000 

3 12,000 

1,700 
3,150 

30 
580 

3,500 
3,360 

10 
25 

12,355 

530 
290 

Operating Labor 

Dperator-Man HourslDay 6 6 

burce: Koppers (1978) 

Laboratory Technician-Man HourslDay 2 2 



392 Gas Purification 

comparison is based on the treatment of 60,000,000 scfd of 90°F coke-oven gas containing 
500 graindl00 scf H2S. The single-stage plant is designed for 90% H2S removal and the 
two-stage plant for 98% removal. The principal differences in operating requirements are 
about 32% higher steam and 14% higher electric power for the two-stage process. 

Vacasulf Process 

The Vacasulfprucess, offered by the Krupp Wilputte Corporation in the United States and 
GKT in Gennany, is closely related to the Vacuum carbonate process. It uses a potassium 
c a r b o ~ t e  solution for H2S absorption and vacuum regeneration. A simplitid flow diagram 
of one application of the Vacasulf process, in which a portion of the cokeoven gas is treated 
at elevated pressure, is shown in Figure 5-40. A plant of this design was started up in Ger- 
many in March, 1991. Design and operating data for this plant am given in Table 5-17. 
The low-pressure sccrubber uses polyethylene packing and operates at essentially atmos 

pheric pressure. It reduces the H2S content of the gas to less than 10 gmiin100 scf. The high- 
pressure scrubber operates at a pressure of 12 bar and is followed by a sodium hydroxide 
scrubber to reduce the H2S content of the final product to 0.08 grain/scf. 

Rich solution from the low-pressure scrubber is fed to the midpoint of the high-pressure 
scrubber because it is capable of absorbing additional H2S at the H2S partial p~ssure existing 
in the bottom section of the high-pressure scrubber. Cooled lean solution from the regenerator 
is split into two sbmms-one is fed to the top of the low-pressure scrubber, and the other to the 
top of the high-pressure unit. The total rich solution stream from the high-pressure scrubber is 
preheated and fed into the stripper. Heat for solution regeneration is provided by hot water, 
which enters the reboiler at 90°C and is returned to the water heater at 60°C. Alternatively, a 
portion of the heat may be provided by heat exchange with coke plant flushing liquor. 

Oeiulfurirurl gas 

Ocsulfurized compressed gas 

Figure 5-40. Simplified flow diagram of Vacasulf process with high- and low-pressure 
scrubbers and potassium carbonate solution. ( m p p  Wpuffe, 7992) 
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Table 5-1 7 
Vacasulf Process Design and Operating Data 

Actual Average 
units Values Contract Values 

Coke-oven gas capacity 
-low pressure MMSCFD 10-25 26.8 
-high p r e ~ ~ ~ r e  MMSCFD 27-50 53.6 

Pressure loss 
LP-H2S-scrubber mbar 10-12 4 5  
HzS-content inlet scrubber gr/lOO SCF 165 280 
H2S-content outlet 

-LP scrubber gr/lOO SCF 4 0  21 
-HP scrubber gr/lOO SCF d . 0 8  0.08 

HCN-removal 8 90 
C02-removal 8 10 

Heat duty for desorption MMBTUh 16.0 22.0 
Consumption Fimes  

KOH (50% by wt.) lb/h 45 82.7 
Electric power kW 515 515 
Cooling water gpm 1,76 1 2,364 
Source: Krupp Wilputte (1992) 

The presence of HCN and 4 in the coke oven gas results in the formation of nonregenera- 
ble potassium compounds in the circulating absorbent. Consequently, a portion of the scrub 
bing solution must be periodically purged and replaced (GKT, 1992; Krupp Wilputte, 1992). 

Tripotassium Phosphate Process 
The use of a tripotassium phosphate solution for H2S removal was introduced by the Shell 

Development Company (Rosenstein and Kramer, 1934). The process has been displaced by 
alkanolamine and other processes for refinery and natural-gas purification and is no longer 
offered or supported by Shell (Shell Development Co., 1992). 

From a historical viewpoint, the principal advantages of the process were nonvolatility of 
the active component in the solution, insolubility in hydrocarbon liquids, and nonreactivity 
with COS and other trace impurities. These advantages made the tripotassium phosphate 
process suitable for high-temperature applications, the treatment of liquid hydrocarbons, 
and the purification of refinery or synthesis gases. In common with the other alkali-salt 
processes, the tripotassium phosphate process offered some selectivity for H2S in the pres- 
ence of C02. This selectivity gave the phosphate process an economic advantage over 
monoethanolamine or diethanolamine systems when it was desired to remove H2S with a 
minimum extraction of C02 from gas streams containing both at C02/H2S ratios exceeding 
about 4: 1. 
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Process Description 

The absorption of hydrogen sulfide by tripotassium phosphate may be represented by 
equation 5-38: 

The basic flow-cycle used is similar to that of allcanolamine processes and other heat- 
regenerative systems. Whext a high degree of gas purification is required, a double-stream 
system such as that shown in Figure 5-41 is suggested. 

If no CO, is present, a 40 to 50% (by weight) tripotassium phosphate solution is used; 
however, if COz is present, a 35% solution is generally used to avoid precipitation of bicar- 
bonate. In the split-stream cycle, a portion of the solution is passed through a second strip- 
ping zone, and aqueous condensate is added to this portion after final stripping. This more 
completely regenerated (and more dilute) stream is fed into the top of the absorber to provide 
final cleanup of the gas stream. Higher purity is attainable with the dilute solution because, 
for a given HzSK3P04 ratio, the vapor pressure of HzS is lower over solutions containing 
less tripotassium phosphate. 

Design and Operating Data 

The equilibrium vapor pressure of hydrogen sulfide over a 50% tripotassium phosphate 
solution at several temperatures is shown in Figure 5-42 which is based on the data of Rose- 

COOLING 

--- 
RICH SOLUTION J L  

COOLING 

--- 
RICH SOLUTION J L  

CONDENSATE 

Figure 5-41. Flow diagram of tripotassium phosphate process, split-flow cycle. 
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Flgure 5-42. Equilibrium vapor pressure of hydrogen sulfide over 50 and 20% 
tripotassium phosphate solutions. Data of Rosebaugh (7934 

baugh (1938). One isotherm for a 208 solution is also included to point out the effect of 
dilution on the HIS vapor pressure. 

Detailed data on a pilot-plant study of the applicability of tripotassium phosphate solutions 
to the selective absorption of H2S in the presence of COz have been presented by Wain- 
wright et al. (1953). Results of this study with regard to the effect of COZ and HzS on solu- 
tion circulation rate requirements are shown in Fipre 5-43. As would be expected, an 
increase in either the C02 or H2S content of the feed gas increases the quantity of 35% potas- 
sium phosphate solution required to make a product gas containing 25 grains H2S/IO0 scf. 
The data were obtained with a column made of 10-in. standard iron pipe packed with 15 ft of 
I-in. porcelain raschig rings and operated at 300 psig pressure. All runs were made with rela- 
tively high COz/H2S ratios in the feed gas. The effect of varying this ratio on the quantity of 
H2S absorbed per gallon of solution is shown in Figure 5-44, which also includes data on an 
Alkacid "dik" solution for comparison. 

Wainwright et al. (1953) found that their initial solution, which contained 43.7% ttipotas- 
sium phosphate, could not be used on gases of high C02 content because of the formation of 
potassium bicarbonate, which precipitated and plugged the absorber packing. The solution 
was therefore diluted to 32 to 35%, and no further difficulty was encountered as a result of 
precipitation. 

Reactivation was accomplished in a column also made from IO-in. steel pipe and packd 
with 15 ft of l-in. porcelain raschig rings. The reboiler pressure was generally maintained at 
about 3 psig. Steam consumption averaged about 1 lWgal of circulating solution. Because of 
relatively high heat losses from the pilot-scale equipment, it was estimated that the quantity 
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SOLUTION RATE, GALLONS OF 35% KSPO, PER 1000 SCF FEED GAS 

Figure 5-43. Effect of COP and H2S contents of feed gas on tripotassium phosphate- 
solution rate required to produce exit gas containing 25 grains H2S/100 SCF. Absorber 
of 1 0 4 .  ID packed with 15 ft of l-in. porcelain raschig rings; solution regenerated 
with steam, approximately 1 Ib/gal. Data of Wainw@ht eta/. (1953) 

of steam actually used for reactivation was somewhat lower, about 0.9 lb/gal of solution. 
Increasing the steam flow rate by 20% was found to have only a slight effect on the degree 
of stripping. It has been reported (Liedholm, 1958) that commercial plants operating at about 
the same conditions have substantially lower steam consumption than that observed by 
Wainwright et al. (1953). This higher stripping efficiency is believed to be due to (a) more 
efficient stripping columns, (b) more nearly optimum solution circulation rates, and (c) less 
heat loss from largescale equipment. 

A commercial plant which removes H2S and CO1 from a stream of light hydrocarbons in 
the liquid state has been described by Zahnstecher (1950). Although this is not gas purifica- 
tion, the regeneration step is identical whether the absorber treats liquid or gaseous hydrocar- 
bons. The stripping column consists of a 2 ft, 6-in.-diameter unit with 10 bubble cap trays 
installed directly on top of a steam-heated reboiler. With a solution-circulation rate of 25 gpm, 
approximately 1.5 lb of steam are required per gallon of solution circulated. The regenerator 
operates at a pressure of 2.5 psig and a temperature of about 226°F. During regeneration, the 
solution concentration is reduced from 0.187 mole HzS and 0.640 mole CQ to 0.090 moles 
H2S and 0.493 mole C02 per mole of K3P04. In this plant, the feed to the absorption unit (liq- 
uid phase) contains 0.50 mole percent CO2 and about 0.4 mole percent HzS. 

Sodium Phenolate Process 

The sodium phenolate process is also of more interest for historical reasons than for prac- 
tical applications as it has been largely supplanted by other processes. The process, which 
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Figure 5-44. Effect of CO$H2S ratio on capacity of K3P04 and Alkacid "dik" solutions. 
Data of Wainwright et a/. (1953) 

was developed by the Koppers Company, Jnc. (now part of ICF Kaiser Engineers), employs 
a fairly concentrated solution of sodium phenolate in a conventional heat-regenerative flow 
cycle. The solution contains approximately thee moles of NaOH (120 g) and two moles 
phenol (188 g) per liter (Shreve, 1945). Its capacity for H2S is quite high, up to about 35 
scf/cu ft for an extremely sour gas (Powell, 1938). The basic disadvantages of the process 
are the low efficiency of H2S removal (on the order of 90%) and the high steam consump- 
tion. The steam consumption can be cut almost in half by the use of a two-stage stripping 
system; however, this complicates the plant design considerably. Phenolate plants have also 
reportedly encountered corrosion difficulties. 

Alkacid Process 
The Alkacid (Alkazid) process, which was developed in Germany by I.G. Farbenindustrie 

(Btihr and Mengdehl, 1935), could be classified as three separate processes in that three dif- 
ferent absorption solutions are used. However, all of the process variations use a solution of 
the salt of a strong inorganic base and weak organic nonvolatile acid and all use a conven- 
tional heat-regenerative cycle, such as employed by the tripotassium phosphate and sodium 
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phenolate processes previously described. Also, like these processes, the Alkacid process is 
no longer considered competitive, and is primarily of historical interest. BASF, which for- 
merly licensed this process, currently proposes an activated MDEA process for a wide vari- 
ety of gas purification applications (see Chapter 2). 

Solutions used in the Alkacid process are designated as Alkacid solution “M,” Alkacid 
solution “dik,” and Alkacid solution “S”; and each has a specific field of application. The “M’ 
solution contains sodium alanine and is used for absorbing either H2S or C 0 2  when present 
alone, or for absorbing both gases simultaneously. The “dik“ solution contains the potassium 
salt of diethyl- or dimethylglycine and is used for the selective removal of hydrogen sulfide 
from gases containing carbon dioxide and also from gases containing small quantities of car- 
bon disulfide or hydrogen cyanide. Solution “S,” which is reported to be a solution of sodium 
phenolate (Reed and Updegraff, 1950), was developed for gases containing an appreciable 
amount of other impurities such as HCN, ammonia, carbon disulfide, mercaptans, dust, and 
tar. However, the version of the process using solution “S” was not commercialized. 

Design and Operating Data 

The Alkacid process was described in considerable detail by Hans Biihr (1938). At that 
time a number of Alkacid plants for the removal of hydrogen sulfide and carbon dioxide 
were operating in Germany and several more plants were under construction. By 1959, more 
than 50 Alkacid plants were in operation in Europe, the Middle East, and Japan (Leuhdde- 
mann, 1959). The process was considered to be suitable for treating synthesis gases, water 
gas, natural gas, and hydrocarbon liquids at atmospheric as well as at elevated pressures 
(Leuhddemann et al., 1959; Pastemak, 1963; Anon., 1957). No commercial installations are 
known to have been operated in the United States, although the process has been studied on 
a pilot-plant scale (Wainwright et al., 1953). The “dik” solution is of particular interest as it 
is a more selective solvent for hydrogen sulfide in the presence of carbon dioxide. A compar- 
ison of the selectivity of the two solvents, based on the data of Leuhddemann et al. (1959), is 
shown in Figure 5-45. These data were obtained by shaking the “dik” and “M’ solutions at 
ambient temperatures with pure hydrogen sulfide and carbon dioxide and measuring the vol- 
ume of gas dissolved per volume of solution every minute, until saturation was reached. 
Vapor pressures of hydrogen sulfide and carbon dioxide over Alkacid “dik” and “ M  solu- 
tions were also reported by Leuhddemann et al. (1959). 

The U.S. Bureau of Mines studied the process to evaluate the Alkacid “dik“ solution as a 
selective absorbent for hydrogen sulfide in the presence of carbon dioxide, and the results 
were compared with those of other absorbents tested in the same apparatus. The solution 
capacity of the Alkacid solution tested has been compared with that of the 35% tripotassium 
phosphate solution in Figure 5-44, which demonstrates the effect of the C02/H2S ratio on 
the absorptive capacity of both solutions. It will be noted that the Alkacid solution takes up 
appreciably more H2S particularly at low C02/H2S ratios. Although its capacity is higher, the 
Alkacid solution was found to be somewhat less selective than tripotassium phosphate. 

An indication of the capacity of the Alkacid solution for absorbing H2S is shown in Fig- 
ure 5-46, which presents the vapor pressure of H2S over Alkacid solutions containing two 
concentrations of COP This chart is based on U.S. Bureau of Mines data (Wainwright et al., 
1953) and represents results obtained with a solution of the following composition and 
characteristics: 
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Figure 5-45. Absorption of H2S and C02 by Alkacid solutions. (Leuhddemann etal., 7959) 

Total nitrogen, % 2.60 

NH3, nitrogen % 0.01 
Sulfated ash, % 19.26 

Solids, % 29.2 
Specific gravity 1.138 

Another pilot-plant investigation comparing the selectivity of Alkacid “dik” with that of 
diethanolamine (DEA) and methyldiethanolamine (MDEA) was presented by Pasternak 
(1963). The results showed that, under the conditions of the test, the “dik” solution was most 
selective, followed by MDEA and DEA. Also, the “dik” solution showed the highest capaci- 
ty for hydrogen sulfide for comparable partial pressures of hydrogen sulfide and carbon 
dioxide in the feed gas. It should be noted that no attempt was made in this study to attain 
complete hydrogen sulfide removal, the maximum being on the order of 70%. Another inter- 
esting result was that the steam requirement for solution regeneration was appreciably lower 
for the “dik“ solution than for the two ethanolamines. 
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30 
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Figure 5-46. Vapor pressure of H2S over potassium N-dimethylglycine solutions 
containing COP Data of Wainwtight et a/. (1953) 

The “dik” solution was reported to be quite stable although some aging and loss of selec- 
tivity was observed, especially when the gas to be treated contained HCN and oxygen 
(Paste&, 1963). 

Operating results from an Alkacid plant using “ M  solution for the removal of hydrogen sul- 
fide and carbon dioxide from natural gas are shown in Table 5-18 (kuhddemann et al., 1959). 
It has been claimed that the Alkacid solutions are relatively noncorrosive, and the equipment 
requires no special materials of construction except in a few locations which are particularly 
subject to wear (Biihr, 1938). Patents have been obtained on methods of avoiding corrosion 
(Farbenindustrie, 1935). Reportedly, it was German practice to use aluminum and special 
alloys for the hot-solution pumps and lines, the reactivator, and the reboiler (Peck, 1938). 
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Table 5-18 
Removal of H2S and C02 with Alkacid “M” 

Feed gas volume, SCF per hour 
Pressure, psia 
Temperature, “F 
H2S, vol. percent 
C02, vol. percent 
Treated Gas: 
H2S, grains/100 SCF 
C02, vol. percent 
Steam, lbAb C07 

650,000 
85 
78 
0.5 
3.0 

4.4 
0.04 
4 

Source: Leuhddemann et al. (1959) 

Caustic Wash Processes 

Sodium (or potassium) hydroxide solution is a very effective, but nonregenerable 
absorbent for C02 and H2S, forming stable salts such as sodium carbonate and sodium sul- 
fide. Processes using caustic solutions are useful for removing trace amounts of these impu- 
rities from gas streams. In such systems it is common practice to recycle the absorbent solu- 
tion to make maximum use of the caustic, and add fresh sodium hydroxide as required. As a 
result, the absorption actually takes place in a salt solution containing a small amount of free 
hydroxide. 

Caustic solutions are also capable of absorbing mercaptans. These are monosubstitution 
products of hydrogen sulfide with the generic formula RSH. R is any hydrocarbon group, 
including aliphatic, aromatic or cyclic, and saturated or unsaturated. In most gas purification 
applications, R is a light aliphatic hydrocarbon radical, typically methyl or ethyl. Like their 
parent compound, H2S, mercaptans are weak acids and form salts with strong alkalies. These 
salts, called mercaptides, are decomposed by heat, releasing the mercaptan and regenerating 
the hydroxide. When contacted with air, the dissolved mercaptans are subject to oxidation, 
forming disulfides that can be separated from the caustic. Both the thermal and oxidative 
regeneration techniques have been used with caustic scrubbing in mercaptan removal 
processes. 

Carbon Dioxide Removal 

Sodium hydroxide, in aqueous solution with sodium carbonate, is occasionally used to 
remove the last traces of carbon dioxide from hydrogen, or other gases, where the bulk of 
the carbon dioxide has been removed by a more economical, but less efficient regenerative 
process. Caustic scrubbing is also used to remove C02 from small volumes of air where 
C02-free air is required. 

A flow sheet of a typical unit for removing CO, in trace quantities is shown in Figure 5-47. 
In the process, sodium carbonate is formed in solution by the reaction of dissolved C02 with 
OH-, and the alkalinity is maintained at a high level by the periodic addition of fresh sodium 
hydroxide solution. No attempt is made to regenerate the solution, which is discarded or used 
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Figure 5-47. Flow diagram of caustic wash process to remove traces of COP from air or 
other gases. 

elsewhere when its alkalinity is reduced to the point where it is no longer effective for C02 
removal. Some increase in caustic utilization efficiency can be realized by using two or more 
stages of absorption as shown in the flow diagram. This type of installation has been found 
to be capable of reducing the COz content of air to as low as 5 ppm from about 300 ppm. 

Hydrogen Sulfide Removal 

The use of sodium hydroxide for the removal of hydrogen sulfide from gas streams is cost 
effective only when very small quantities of H2S are involved and some means is available 
to dispose of the resulting sulfide solution. The process has been particularly useful for 
remote oilfield locations where small streams of sour gas must be purified to protect com- 
pression and collection equipment. Kent and Abid (1985) point out that a number of these 
small scrubbing systems employed simple cone-bottom tanks full of caustic solution with a 
gas sparger at the bottom. These authors also describe a more sophisticated approach devel- 
oped by the Dow Chemical Company. 

The Dow process incorporates a low residence time absorber to minimize co-absorption of 
COz with the HzS. Selective absorption avoids problems of equipment plugging due to precipi- 
tation of sodium c a r b ~ ~ t e  and reduces the amount of caustic consumed by reaction with COz. 
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Development of the Dow system has been described by Hohlfield (1979), and is summa- 
rized in Table 5-19. A flow sheet is shown in Figure 5-48. Static mixers are recommended 
as contactors although other devices, such as venturis, spray towers, and even a section of 
piping, may be adequate. 

The three units listed in Table 5-19 were operated on a feed gas containing about 1,000 
ppm H2S and 3.5% COz. It was desired to reduce the hydrogen sulfide concentration to 100 
ppm or less to prevent fouling of compression equipment. The final production unit used a 4- 
in. in-line static mixer with a gas residence time of 0.02 sec and a pressure drop of 2 psi. It 
reduced the H2S concentration to about 90 ppm at an UG ratio of 4 gayhrlscf. 

A relatively high pH (nominally 10) is required to assure effective H2S absorption. How- 
ever, an excessively high pH (over 12) indicates that either caustic is being wasted or the 
contactor is inefficient. 

The key reactions that may occur in the contactor are 

NaOH + H2S = NaHS + H20 (5-39) 

2NaOH + H2S = Na2S + 2H20 (5-40) 

2NaOH + COz + Na2C03 + HzO (5-41) 

The preferred reaction is 5-39 because it represents the maximum NaOH utilization and pro- 
duces a very soluble product, NaHS. Reaction 5-40 also removes H2S, but uses twice as 

Sourgar + 

CI 
feed 

4 Contactor 

~ ~~ 

Separator 

I 1 Recycle Liquid effluent 

I I 

lk 

Figure 5-48. Flow sheet of Dow low-residence-time absorber system for selective H2S 
removal. (HohMe/d, 7979 
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Table 5-1 9 
Development of the Dow Low-Residence-Time Scrubber System for 

Selective HIS Absorption 

%-in. Lab 1-in. Pilot 4-in. Production 

Gas flow rate, Mcfd 1.0 50 1,000 
Contact time, sec 0.02 0.01 0.02 
HzS in gas, ppm 1,000 1,000 925 
Maximum absorption, ppm residual 100 80 90 
Pressure drop across contactor, psi 2 1 2 
Caustic concentration, % 2 1 1 
Source: Hohlfield, (1979) 

much caustic, and the product salt has limited solubility (about 10% by weight in water). 
Reaction 5-41 is undesirable. It wastes caustic and produces a salt of limited solubility. The 
short residence time contactor is intended to minimize its occurrence. 

Disposal of the liquid effluent is the main problem with this process. According to Kent 
and Abid (1983, the effluent can be sold if it meets certain specifications. Typical specifica- 
tions for marketable sulfide solutions are 

Sulfidity 150 
NaHS, wt.% 20-35 
NazS, wt.% 2 
NazC03, wt.% 1.5 
Iron, ppm, soluble 300 
Hydrocarbons, wt.% 0.2 

Sulfidity indicates the degree of conversion to NaHS. It is defined as 

Sulfidity = 2 x (moles of sulfur x lOO)/(moles of sodium) 

A sulfidity of 200 represents complete conversion of all sodium to NaHS. 
Tests on an operating unit showed over 90% H2S removal from a gas stream containing 

0.5% COz and 400-2,000 ppm HzS. The liquid effluent contained 18.6 to 30.0 wt.8 NaHS, 
0.28 to 0.56 wt.% NazS, and negligible NazC03, which is generally within the specifications 
(Kent and Abid, 1985). 

Mercaptan Removal with Thermal Regeneration 

Because mercaptans are acidic in nature they react with alkalies and can be removed from 
gas streams by a caustic wash. Sodium carbonate, which is a much weaker aLkali than the 
hydroxide, can also react with mercaptans to a limited extent. The key reactions are 

NaOH + RSH = RSNa + HzO (5-42) 
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Na2C03 + RSH = RSNa + NaHC03 (5-43) 

Both reactions are reversible at elevated temperature (about 250°F). 
In the practical application of the process for the purification of large volume gas streams, 

it is very important that H2S and C02 concentrations be reduced to very low levels before the 
gas enters the mercaptan absorber. Both of these impurities are stronger acids than mercap- 
tans and consume caustic by forming nomgenerable salts. When the gas stream is processed 
in a conventional amine plant ahead of the mercaptan removal unit, the H2S concentration is 
normally reduced to less than 0.25 graid100 scf (about 4 ppmv) to meet product specifica- 
tions; but the carbon dioxide content is often over 100 ppm. As a result modifications to the 
amine plant may be necessary to provide more complete carbon dioxide removal and make 
the removal of mercaptans with caustic economical. Alematively, the mercaptan removal 
unit should have an upstream caustic wash to remove trace amounts of C02 and HzS. 

A plant designed to remove mercaptans from natural gas by absorption in caustic and ther- 
mal regeneration has been described by Williams (1964). A flow sheet of the installation is 
shown in Figure 5-49. The plant treats 15 MMscfd of 450-600 psig natural gas containing 
30 grains mercaptd100 scf. The shipping column operates at 28 psia with a feed and bot- 
tom temperature of 250°F and a reflux temperature of 140-180°F. Design rates are 7 gpm of 
circulating absorbent and 10 lb steam per gallon of solution. 

Initially, gas entering the caustic scrubber contained at least 10 grain COz/lOO scf which 
resulted in excessive caustic consumption. This was reduced to less than 3 grain/lOO scf by 
modifying the amine plant. Because of the presence of COz, the circulating solution typically 
contained 3 to 8 wt.% Na2C03. The NaOH concentration was maintained at 1-3 wt.% by the 
periodic addition of fresh caustic solution. 

~ Purified Gas to 
Glycol Dehydrator 

Condenser 

rn 
Mercaptans 

Steam 

Caustic Water Caustic Caustic Condensate 
Contactor Wash Storage Stripper Accumulator 

Figure 5 4 .  Flow sheet for mercaptan removal process with thermal regeneration. 
( Williams, 1964) 
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Carbon dioxide in the feed gas was not the only cause of excessive caustic consumption. 
Foaming in the contactor and the reaction of caustic with components in the make-up water 
also contributed to caustic loss. These problems were reduced by preventing liquid hydrocar- 
bons, which caused the foaming, from entering, or condensing in, the absorber and by using 
demineralized water for make-up. The combined actions reduced caustic consumption from 
24 to less than 10 lb/MMscf of gas treated. 

UOP Merox Process 

In 1958, UOP introduced a catalyst based process to accelerate the oxidation of mercap- 
tans to disulfides at or near ambient temperature. The process, which is licensed by UOP as 
the Merox process, is used to remove mercaptans from liquid or gaseous hydrocarbon 
streams. It operates by either converting the mercaptans to less objectionable disulfides in 
the flowing stream or removing the mercaptans with a caustic wash and then converting 
them to disulfides (Staehle et al., 1984). Only the approach involving both caustic absorption 
and subsequent oxidation to disulfides is applicable to gas purification. 

When used for gas treating, the Merox process simply involves the absorption of mercap- 
tans from the gas by countercurrent contact with caustic soda solution, oxidation of the dis- 
solved mercaptans to disulfides by contact with air, and separation of the disulfide liquid 
from the caustic solution by settling and decanting off the disulfide phase. Note that both 
C02 and H2S are removed in a caustic prewash prior to contacting the gas with the Merox 
caustic solution. 

A simplified flow diagram of the Merox process as applied to gases or light liquid hydro- 
carbons is shown in Figure 5-50. The key reactions in the process are 

Absorption: 

RSH + NaOH = NaSR + H 2 0  ( 5 4 )  

H2S FREE 
FEED - LEGEND 

MEROX- CAUSTIC E = EXTRACTOR 
RICH SOLUTIO N 0 = OXIDIZER 

DS = DISULFIDE 
SEPARATOR 

I -1- * INTERMI’ITENT USE 
CATALYST 
INJECTION 

Figure 5-50. Flow sheet of Merox process. (Sfaehle efal., 7984) 
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Oxidation: 

4NaSR + O2 + 2H20 = 4NaOH + 2RSSR (5-45) 

Overall reaction: 

(OH-) 
4RSH + 0 2  = 2RSSR + 2H20 (5-46) 

The efficiency of mercaptan removal is highest for light mercaptans (Le., R is a light 
hydrocarbon radical) and concentrated caustic solutions. The circulating caustic solution 
contains a dispersed Merox catalyst which promotes the conversion of mercaptans to disul- 
fides at a relatively low temperature without promoting other reactions and does not affect 
the formation of mercaptides. 

Although the Merox process is applicable to gases, most units have been designed to 
process liquid hydrocarbons. As of January, 1991, more than 1,450 Merox units of all types 
had been commissioned (UOP, 1992A). 

Merichem Mercaptan Removal Process 

The Merichem Company offers a treating system for removing mercaptans from gas (or 
liquid) streams that employs the same chemical reactions as the Merox process, but uses a 
unique contactor design. The Merichem contactor, called FIBER-FILM, utilizes a tightly 
packed bundle of vertical metallic fibers which are preferentially coated by a falling film of 
the alkaline aqueous phase (Wizig, 1985). A simplified diagram of a typical FIBER-FILM 
contactor designed for gaseous hydrocarbon application is shown in Figure 5-51, and a 
block diagram of Merichem's treating system for removing mercaptans and other impurities 
from fuel gas is shown in Figure 5-52. 

Caustic H2S and CO2 Removal System. Gas from the amine plant passes through a 
strainer, which removes particles greater than 150 microns, and enters the caustic H2S and 
C02 extraction system where remaining traces of these gases are removed. A FIBER-FILM 
contactor with recirculated caustic is used for this purpose. Caustic flows downward adher- 
ing to the fibers until it enters the pool of aqueous solution where it becomes part of the 
caustic inventory. Gas flows cocurrent with caustic in the spaces between the fibers and dis- 
engages upon exiting the shroud. Carbon dioxide and hydrogen sulfide react with sodium 
hydroxide according to equations 5-41 and 5-40, respectively. 

As caustic in the prewash system reacts with H2S and C02, its alkalinity decreases. Since 
the alkalinity must be maintained at a high level to prevent C 0 2  and H2S from entering the 
mercaptan absorber, the caustic solution is removed and replaced when it is only about 40% 
reacted. To prevent the precipitation of solid salts, it is necessary to control the caustic con- 
centration and temperature. An initial caustic strength no higher than 25" Be and an operat- 
ing temperature of at least 70°F are recommended. 

Mercaptan Absorption System. The mercaptan absorber is also a FIBER-FILM unit, and 
operates in a manner similar to the C02 and H2S removal unit previously described. Gas 
enters the top of the unit where it contacts regenerated caustic from the caustic regeneration 
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Figure 5-51. Diagram of typical gaseous FIBER-FILMm contactor installation. (Wzb, 1985) 

system. Mercaptans react with the caustic in accordance with reaction 5-42. Product gas 
from the unit goes to compression and drying operations, while the mercaptan-containing 
caustic is sent to the regeneration system. 

Caustic Regeneration System. The caustic regeneration system consists of an oxidizer 
tower and a settler. Rich caustic solution from the mercaptan absorber containing mercaptide 
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Treated Fuel G a s  H,S and CO, - to Compression H,S and CO, 
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Figure 5-52. Block diagram of Merichem mercaptan removal process. ( Wizjg, 7989 

ions and dissolved catalyst is heated to the optimum temperature for oxidation, about 125"F, 
and is fed into the bottom of the oxidizer tower. Air is injected into the bottom of the oxidiz- 
er tower, causing reaction 5-45 to proceed as the air-solution-catalyst mixture rises through 
the tower. The liquid mixture is drawn off near the top of the oxidizer tower and flows into a 
settler, while excess air is removed from the very top of the tower for disposal. Disulfides 
formed by the oxidation reaction are only sparingly soluble in the caustic and separate in the 
settler as a light oily phase (disulfide oil or DSO) that is drawn off. The heavier, regenerated 
caustic phase is pumped back to the mercaptan absorber. 

Operating Requirements. Operating requirements are given by Wizig (1985) for a plant 
designed to treat 12.9 MMscfd fuel gas containing 15 ppmw HzS, 2,113 ppmw methyl mer- 
captan (as sulfur), and 100 ppmw COz at 156 psig and 100" F. The treated gas specifications 
are 4 ppmw (max.) H2S; 35 ppmw (max.) total sulfur; and 5 ppmw (max.) sodium com- 
pounds, as Na. The annual plant operating requirements are estimated to be 

NaOH (dry basis), lb 92,757 
Spent caustic disposal, gal 87,736 
Air, MMscf (at 3.28 scfm) 
Electricity, kwh 55,900 
Disulfide oil produced, gal 107,450 
Steam (50 psig), lb (at 432 lbh) 3,628,800 
Catalyst, lb 175 

1.65 

About 3 scfm of offgas, containing about 88% nitrogen, 12% oxygen, and 0.01% disul- 
fide, are discharged from the oxidizer. In this plant design it is disposed of by incineration 
with added fuel gas in a sulfur plant thermal oxidizer. 

In addition to this process, which is aimed primarily at the removal of mercaptans from a 
gas stream, Merichem offers a number of other processes using the FIBER-FLLM contactor 
to remove various impurities from gas and liquid hydrocarbon streams. As of 1992, it was 
reported that 204 units had been installed treating 2.0 MMbpsd (million barrels per stream 
day) liquid and 39.5 MMscfd gas (Merichem, 1992). 
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INTRODUCTION 

The principal advantage of water as a absorbent for gas impurities is, of course, its avail- 
ability at a low cost. This factor alone is sufficient to make the use of water worth consider- 
ing for the removal of gas impurities which are reasonably soluble in it. Water is particularly 
applicable to the treatment of large volumes of low-pressure exhaust gas for the prevention 
of air pollution because solvent losses are difficult to avoid in such installations. Organic sol- 
vents, in general, have sufficient vapor pressure to cause the Occurrence of appreciable losses 
by vaporization into the purified gas stream. Practically any chemical absorbent other than 
water requires a tight system and, unless a salable reaction product is formed, a regenerative 
cycle. Water, on the other hand, can be used in simple scrubbing units with less concern over 
leakage and frequently on a once-through basis with the rich solution being discarded. 

Water may also be applicable to the washing of high-pressure gases where the solubility 
of an impurity (such as COz), which is only sparingly soluble at low pressure, is brought up 
to an economically high level by the high COz partial pressure. 

Although a detailed discussion of particulate removal from gases is beyond the scope of 
this text, it should be noted that water scrubbing is frequently used for this purpose. In many 
cases, a water wash is used to remove both particles and vapor phase impurities. Water con- 
tact stages are also frequently used to quench high-temperature gases. In some instances, the 
quench step serves four distinct purposes, Le., temperature reduction, condensation of liquids 
from the vapor phase, absorption of soluble impurities, and removal of particulate material. 
The quenching of the product from coal gasification units with water is an example of such a 
multipurpose operation. Soluble components absorbed by the water in such processes 
include ammonia, hydrogen cyanide, phenol, and hydrochloric acid. Heavy hydrocarbons are 
condensed as a separate liquid phase, and particles of ash and unreacted coal are captured by 
the liquids. 

Gas phase impurities which have been removed by water scrubbing operations include 
ammonia, sulfur dioxide, carbon dioxide, hydrogen chloride, hydrogen fluoride, silicon tetra- 
fluoride, silicon tetrachloride, chlorine, aldehydes, organic acids, and alcohols. The need to 
absorb ammonia occurs primarily in connection with the purification of gas streams from the 
thermal treatment of coal and other nitrogen containing fuels. Since the processes developed 
for removing ammonia from such gases with water are closely related to those for removing 
hydrogen sulfide and carbon dioxide, they are discussed together in Chapter 4. Similarly, the 
absorption of sulfur dioxide in water, or more accurately, in dilute aqueous solutions, is cov- 
ered in Chapter 7. 

Specific impurities considered in this chapter are carbon dioxide, hydrogen sulfide, hydro- 
gen fluoride, silicon tetrafluoride, hydrogen chloride, silicon tetrachloride, and chlorine. All 
of these form acids in aqueous solution, and the prevention of corrosion is a common prob- 
lem. They are by no means equally corrosive, however, and also differ in the nature of the 
absorption processes. Carbon dioxide, hydrogen sulfide, and chlorine are relatively insoluble 
in water, and their absorption rates are determined largely by the liquid-film resistance. 
Hydrogen fluoride, silicon tetrafluoride, hydrogen chloride, and silicon tetrachloride, on the 
other hand, react rapidly with or are very soluble in water, and their absorption rates are gen- 
erally high and controlled by gas-film resistance. 

When any of the previously mentioned impurities are absorbed from a gas stream, small 
amounts of the primary gaseous components are also absorbed. This effect is particularly 
noticeable in high-pressure operations and can materially affect the economics of the water- 
wash process for such cases. Water-solubility data for components, which typically make up 
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the major portion of gases to be purified by the water-wash process, are presented in Table 6- 
1 in the form of Henry's law constants at several temperatures. Similar data, at a single tem- 
perature (25"C), are given in Table 6 2  for thirteen organic chemicals which have sufficiently 
high solubilities in water to be considered candidates for water-wash gas purification process- 
es. The data are from a compilation of Henry's law constants for 362 organic compounds in 
water that was prepared by Yaws et al. (1991). 

Table 6-1 
Solubility of Various Gases in WaterC 

H, at Temperature, "C 
GaS 0 10 20 30 40 50 

Carbon monoxide, CO 3.52 x lo4 4.42 x 10" 5.36 x 10" 6.20 x 1G" 6.96 x 1G" 7.61 x 1G" 
Hydrogen, HZ 5.79 x 10" 6.36 x 10" 6.83 X 10" 7.29 x 1G" 7.51 x 1G" 7.65 x lo4 
Methane, C& 2.24 x 1G" 2.97 x 10" 3.78 x 10" 4.49 x 1G" 5.20 x 10" 5.77 x 10" 
Nitrogen, N2 5.29 x 1G" 6.68 x 10" 8.04 x 10" 9.24 x 1G" 10.4 x 1G" 11.3 x 10" 
Oxygen, O2 2.55 x 1G" 3.27 x 10" 4.01 x 10" 4.75 x 1G" 5.35 x 10" 5.88 x 10" 
Values given are for H in Equation P = Hx, where x = mole fraction of solute in the liquid phase and P =partial 
pressure of solute in the gas phase, atmospheres. 

Source: International Critical Tables (1937) 

Table 6-2 
Henry's law Constants for Organic Chemicals in Water at 25°C (77°F) 

Formula Name 

Henry's Law 
Constant, 

Mol. Wt. atm/mol. fract. 
Carbonyl sulfide 
Carbon disulfide 
Formic acid 
Methanol 
1,l ,2-trichloroethane 
Acetonitrile 
1 ,Zdichloroethane 
Acetaldehyde 
Acetic acid 
Ethyl alcohol 
Acrylic acid 
Allyl alcohol 
Acetone 

60.070 
76.131 
46.026 
32.042 
133.405 
41.052 
98.960 
44.053 
60.052 
46.069 
72.063 
56.080 
56.080 

28 12E+O 1 
1067E+00 
6147E-05 
3858E-04 
5337E-02 
11 15E-03 
6544E-02 
5584E-03 

4515E-04 
2299E-05 
3091E-04 
2376E-03 

6644E-05 

Data of Yaws et al. (1991) 
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w of 
Wet Scrubber 

Countercurrent 
Packed Tower 

Cocurrent Packed 
Tower 

Crossflow Packed 
Scrubber 

Parallel Flow 
Washer 

Wet Cyclone 
Venturi 
Spray Tower 
Eductor Venturi 

(Jet) 

WATER-WASH PROCESS EQUIPMENT 

Gas Phase Impurities 
High Low 

Solubility Solubility 

E E 

G F 

E F 

NR NR 
F NR 
F NR 
F NR 

F NR 

In the absorption of sparingly soluble gases such as COz, HzS, and Clz, the liquid film 
resistance is normally controlling, very low overall absorption coefficients are observed, and 
relatively tall countercurrent packed or tray columns are required. The design of such equip- 
ment is discussed in detail in Chapter 1. 

Quite different conditions and criteria are encountered in the selection and design of water 
scrubbers to remove highly soluble gaseous impurities such as HF, SiF4, HC1, and Sic& 
from low pressure exhaust gas streams. Because of the high solubility (and/or the rapid reac- 
tion with water) the liquid f i  resistance is very small, the gas film resistance becomes con- 
trolling, and high overall gas absorption rates are realized. Furthermore, the vapor pressure 
of the dissolved component over the resulting dilute solution is often negligible. As a result, 
short packed or tray countercurrent columns; cocurrent or cross flow contactors; spray sys- 
tems; and special devices such as wet cyclones, venturis, and jet scrubbers can be consid- 
ered. Typically, low gas-side pressure drop, minimum system size, and operating simplicity 
are key criteria in the selection of exhaust gas scrubbers. 

A generalized selection guide for wet scrubbers covering both absorption and particulate 
collection functions is given in Table 6-3, which is based on a review of the subject by Hanf 
and MacDonald (1975). Typical gas velocities and gas-side pressure drop values for the most 
common types of wet scrubbers are given in Table 6-4. The values given are considered typ- 
ical for the specified devices in low pressure exhaust gas service and do not represent operat- 

Fumes Dusts 
clp 1-5p 

N R N R  

NR NR 

N R N R  

N R N R N R  
NR NR 
E E 
NR NR 

G E 

Table 6-3 
Selection Guide for Wet Scrubbers 

Dusts over 5 p 
Low High 

Loading Loading 

E NR 

E NR 

E NR 

NR 
G G 
E E 
E F 

E E 

I Entrained 
Liquids 

Mists Drops 
<lop >lop 

F E 

F E 

F E 

P E 
P E 
E E 
N R G  

E E 

Particles 

Code for collection eficiencies: E = 95-99%, G = 85-95%, F = 75-85%, P = 50-75%, 

Based on data of Hanf and MarDonald (1975) 
MR = Mot Recommended 



Water as an Absorbent for Gas Impurities 419 

Table 6-4 
Typical Gas Velocities and Pressure Drops for Wet Scrubbers 

Scrubber 
Type 

Typical Gas 
Velocities, 

ft/SeC 

Pressure 

in. of water 
Drop, 

Packed Contactors 
Countercurrent 
Cocurrent 
Cross Flow 

Wet Cyclone 
Entrance 
Superficial 

Spray Tower 
Countercurrent 

Venturi Scrubber 
Throat 

5-10 
1 0 4 0  
5-10 

40-80 
10-1.5 

4-8 

130-180 

0.2-0.7 (per ft) 
1-3 (per ft) 

4 (total) 

4 (total) 

1-3 (total) 

8-12 (total) 
Velocity andpressure drop values based on air at 70°F. 
Data from Parsons (1988), Hanson and Danos (1982), and McCarthy (1980) 

ing limits. The table does not include jet scrubbers, which provide energy in the liquid 
stream to move the gas without an overall pressure drop. 

Packed Beds 

Packed beds used in exhaust gas scrubbers are usually shallow (e.g., 2-6 ft) and often uti- 
lize special low-pressure drop, high-efficiency plastic packing. Examples of random pack- 
ings of this type include Jaeger Tri-Packs (Jaeger Products, Inc.), Intalox Snowflake packing 
(Norton Chemical Process Products Corp.), Tellerettes (Ceilcote Air Pollution Control), and 
Maspac (Clarkson Controls and Equipment Co.). Typical mass transfer data for the absorp- 
tion of water soluble gas impurities in a column packed with 2-in. Jaeger Tri-Packs are given 
in Table 6-5. 

Very compact packed absorber systems have been developed for exhaust gas scrubbing 
applications. An example of one manufacturer’s complete package absorption system is 
illustrated in Figure 6-1. This unit provides the packed section, liquid sump, liquid pump 
and distribution system, and exhaust fan within a single shell. It is available in 33- to 72-in. 
diameters. A typical unit (60-in. diameter) uses a 15-hp exhaust fan to move 7,850 cfm of 
gas through the scrubbing section, and a 3-hp pump to circulate 75 gpm of liquid over the 
packing (hterel Environmental Technologies, Inc., 1992). 

When countercurrent action is not required to attain the desired removal efficiency, cocur- 
rent or crossflow packed absorber operation may be advantageous. Cocurrent operation 
allows the use of very high gas velocities without concern for flooding; however, the high 
velocities result in a correspondingly high pressure drop, and a gashquid separator must be 
provided. According to Parsons (1988), pressure drops of 1 to 3 in. of water per foot of pack- 
ing depth are encountered with vertical flow cocurrent exhaust gas scrubbers. A special type 
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Table 6-5 
Mass Transfer Data for the Absorption of Soluble Gases into Water 

Using 2-in. Jaeger Tri-Packs 

G L Temp HTU I Impurity lbhr. ft2 1whr. ftz "F inches 

HCl 1,792 2,048 77 10.6 
NH3 512 1,024 68 8.4 
m3 512 4,096 68 5.4 
HF 1,844 3,072 77 6.9 

CH3 COCH3 1,700 860 68 15.2 
Data provided by Jaeger Products, Inc. (1990) 

of cocurrent packed absorber utilizes an in-line static mixing unit for contacting the gas and 
liquid followed by a conventional gadliquid separator. Such systems are described by &der 
et al. (1988, 1989). The in-line mixing elements are claimed to have significantly lower pres- 
sure drop than conventional random packings such as raschig or Pall rings. 

In crossflow scrubbers, as shown in Figure 6-2, the gas flows horizontally while the liquid 
flows downward through one or more relatively thin beds of packing or mesh. A key charac- 
teristic of crossflow scrubbers is that the cross-sectional areas for gas and liquid flow are not 
the same. Usually the area for liquid flow is less than that available for gas flow, so adequate 
wetting of the packing is possible with a relatively low liquid flow rate. The beds of packing 
are normally inclined toward the incoming gas. The slope helps compensate for the tendency 
of the liquid to migrate toward the back of the bed under the influence of the flowing gas 
stream. A specialized version of the crossflow scrubber uses thin plastic mesh pads that are 
wetted by sprays applied to the upstream sides. Countercurrent staging can be obtained by 
collecting the liquid at the bottom of each set of pads and spraying it onto the faces of the 
pads that are immediately upstream with regard to gas flow. 

Wet Cyclones 
Wet cyclones are seldom used as gas absorbers, but are impoaant as gasfliquid separators 

downstream of venturis or other cocurrent contact devices. Cyclonic action is sometimes 
used in spray chambers to increase the relative velocity of droplets. The liquid may be added 
as a spray into the feed gas or sprayed from nozzles within the chamber. 

Countercurrent Spray Columns 
Countercurrent spray columns typically employ a bank of spray nozzles near the top of the 

tower and often have additional banks of spray nozzles at lower levels. An efficient mist 
eliminator is required above the upper spray nozzles to capture any small droplets that are 
entrained in the upflowing gas. Key requirements for efficient absorption in spray columns 
are the use of high pressure nozzles (e.g., 60 psig or higher) to assure the production of high 
velocity, small diameter droplets; the use of many small nozzles carefully located to cover 
the entire scrubber cross-section without depositing excessive liquid on the walls; and the 
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Figure 6-1. Package type packed countercurrent exhaust gas scrubber. lnterel 
Environmental Technologies, Inc. 
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UQWR O U n r r  

Figure 6-2. Diagram of crossflow gas scrubber. 

use of a high Squid/gas ratio. It has bem found that the most effective contacting is accom- 
plished within a few feet of the nozzle where the droplets have the maximum relative veloci- 
ty and they have not yet coalesced into larger drops (Schmidt and Sticldman, 1991). 

Venturi Scrubbers 
Venturi scrubbers are probably used more for the removal of particulates than for the 

absorption of gaseous species, although in many applications both functions are accom- 
plished. The efficiency of typical venturi scrubbers for removing particles from gas is illus 
trated by Figure 6-3, which shows the effect of particle size and venturi pressure drop based 
on the data from one manufacturer as published in the EPA Handbook (1986). Their efficien- 
cy for mass transfer is not as readily characterized, although, like particle removal efficiency, 
it nonnaUy inmases with pressa drop due to the increase in both liquid surface area and rel- 
ative velocities. When both particulate and gaseous impurities are to be m o v e d  and suffi- 
cient mass transfer cannot be obtained in a venturi scrubber alone, it is common practice to 
add a small packed bed section downstream of the venturi and its separator. Such an arrange 
ment is illustrated in Figure 6-4. 

Jet Scrubbers 
Jet scrubbers differ from venturi scrubbers in that the energy is provided by the incoming 

liquid rather than the gas. In venturi scrubbers the high velocity gas accelerates and breaks up 
the liquid causing a loss in gas pressure. In jet scrubbers (also called water jet scrubbers, jet 
venturi scrubbers, and ejectors) the liquid is injected into the gas stream at a very high velocity, 
its energy is transfemd to the gas, accelerating it and actually increasing its pressure. Jet scrub- 
bers can develop a gas pressure gain up to about 8 in. of water. At a pressure increase of 1 in. 
of water, the consumption of water is typically 50 to 100 gallons per 1,000 cu ft of gas (Perry 
and Green, 1984). The configuration of a typical jet scrubber unit is shown in Figure 6-5. In a 
complete jet scrubber instalIation the ejector discharges downward into a separator surge tank. 

Jet scrubber units are not very efficient as gas compressors or as gas absorbers, but they 
are simple to operate and almost maintenance free. They are particularly applicable to rela- 
tively small volumes of gas containing corrosive impurities. If necessary, two or more can be 
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Figure 6-3. Typical venturi scrubber particle collection efficiency curves. From €PA 
Handbook, 1986 

placed in series with countercurrent flow of the liquid from stage to stage to provide higher 
efficiency removal and a more concentrated product liquor. Another common arrangement is 
to use one or more jet scrubbers to move the gas and provide a preliminary washing stage 
followed by a short countercurrent packed absorption zone to assure complete removal of 
soluble gaseous impurities. 

CARBON DIOXIDE ABSORPTION IN WATER 

The absorption of carbon dioxide in water at elevated pressure was formerly an important 
industrial process, particularly for the purification of synthesis gas for ammonia production. 
The process has now generally been replaced by more efficient systems which employ 
chemical or physical solvents with much higher capacities for carbon dioxide than water. 
Such systems are described in Chapters 2, 3, 5, and 14. A description of the water wash 
process for carbon dioxide removal is included in this chapter because of its historical inter- 
est, its technical value as a classical liquid film-controlled operation, and the hope that the 
extensive work done on the process will prove useful in the development of new processes 
or applications. 

( r a t  continued on page 426) 
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Figure 6-4. Diagram of venturi scrubber-packed absorber combination system. Croll- 
Reynolds CO., Inc. 
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Figure 6-5. Diagram of venturi jet scrubber. This unit is normally installed on top of a 
separator/liquid storage tank. Cm//-Reyno/ds Con, Inc. 
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(fexf continued from page 423) 

A flow diagram of a simple water-wash process for carbon dioxide removal is shown in 
Figure 6-6. In its simplest form, the plant consists of nothing more than an absorption tower 
operating at elevated pressure, a flash chamber where C02 is disengaged from the water after 
pressure reduction, and a pump to return the water to the top of the absorber. In the flow dia- 
gram shown, a power-recovery turbine has been added to reclaim some of the power avail- 
able from the pressure-reduction of the liquid and subsequent expansion of the absorbed gas, 
and a degasifying tower provides more complete removal of COz from the water than could 
be obtained with a simple flash. In an arrangement of this type, it is possible to operate the 
flash chamber at an intermediate pressure and obtain from it a gas sufficiently rich in com- 
bustible components to be used as a low-Btu fuel gas. Alternatively, the gas from the inter- 
mediate pressure flash tank may be recompressed and returned to the absorber inlet. 

In general, the process is limited to gas streams containing carbon dioxide at a partial pres- 
sure greater than about 50 psia in order to ensure an economically useful carbon dioxide 
capacity of the solvent water. For ammonia plants, this in effect limits the process to absorp- 
tion pressures over about 200 psig since ammonia-synthesis gas streams typically contain 
about 25% C02. 

The use of water as an absorbent offers the following advantages as compared, for exam- 
ple, to monoethanolamine solutions: 

1. Simple plant design (no heat exchangers or reboilers) 
2. No heat load 
3. Inexpensive solvent 
4. Solvent not reactive with COS, 0 2 ,  and other possible trace constituents 

P W R  RECOVERT FLASH 
mHE TANK 

Figure 6-6. Simplified flow diagram of process for absorption of cabon dioxide from 
gas streams with water. 



Water as an Absorbent for Gas Impurities 427 

5 .  No nitrogenous solvent vapors introduced into the gas stream 

The principal disadvantages of the water-wash process are 

1. Substantial loss of hydrogen or other valuable constituents of the gas stream 
2. Very high pumping load 
3. Poor COz-removal efficiency 
4. Impure by-product COz 

In view of these disadvantages, the water-wash process is rarely used today for carbon 
dioxide removal. 

Basic Data 

The solubility of carbon dioxide in water, considered as a function of pressure and temper- 
ature, is presented in Figures 6-7 and 6-8, which are based upon the compilation of Dodds et 
al. (1956). Figure 6-7, which covers pressures from 1 to 700 atm, represents smooth curves 
of the data from numerous investigators. Figure 6-8, which covers primarily the region of 
sub-atmospheric pressures, is based entirely on the data of Morgan and Maass (1931) and the 
experimental points are therefore shown. 

Design and Operation 

Packed- Tower Design 

The absorption of carbon dioxide in water has been shown to be almost entirely liquid- 
film controlled-presumably because of the relatively low solubility of carbon dioxide. Con- 
siderable research has, therefore, been conducted on the COz-HzO system in connection with 
both absorption and desorption to determine the liquid-film resistance to mass transfer when 
various packings are used. Some of the data obtained are directly applicable to the design of 
commercial installations for carbon dioxide absorption and desorption. 

The work of Cooper et al. (1941) is particularly valuable because they employed commer- 
cial-size packing (2- by 2- by K 6 - h  steel raschig rings) and covered the range of very high 
liquid-flow rates commonly encountered in practice where substantially complete COz 
removal is required. These investigators found that HoL values for liquid-flow rates greater 
than about 20,000 lb/(hr)(sq ft) were considerably higher than those indicated by previous 
data obtained at lower liquid-flow rates. Cooper et al. suggest that this apparent discrepancy 
may result from the high ratio of liquid- to gas-velocities in a column operating in this man- 
ner. Under these conditions, when the ratio of average linear liquid- and gas-velocities is 
greater than unity, the slower gas stream may be carried downward by the liquid, thus tend- 
ing to destroy the true countercurrent action and thereby increasing the observed kL The 
results of this investigation are summarized in Figures 6-9 and 6-10. 
h Figure 6-9, lines of equal mGM/LM are plotted in which m is the slope of the equilibrium 

line, y&x, GM is the molar gas velocity, lb moles/(hr)(sq ft), and is the molar liquid veloci- 
ty, lb moles/(hr)(sq ft). This parameter, which is discussed in detail in Chapter 1, is called the 
stripping factor. It represents the ratio of the slope of equilibrium line to the slope of the oper- 
ating line. It is normally less than 1.0 for practical absorption towers, in which essentially 
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TEMPERATURE, .C 

Figure 6-7. Solubility of carbon dioxide in water at pressures of 1 atm and greater. 
From Dodds et ai. (1956) 
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C& CONCENTRATION IN SOLUTION. LBllOOLB WATER 

Figure 6-8. Solubility of carbon dioxide in water at low pressure. Data of Morgan and 
Maass (1933) 

complete COz removal from the gas is effected with excess water and may be as high as 2.0 
for stripping towers, in which almost complete removal of C a  from the water is necessary. 
The data, therefore, indicate that for towers utilizing 2- by 2- by %-in. steel raschig rings, hL 
values greater than 7 ft may be expected in the absorber and values from 4 to 5% ft in the strip- 
per. Data of S h e r w d  and Holloway (1940) for 2-in. ceramic rings have been included in 
Figare 6-10 (which is a m s s  plot of Figure 6-9) for purposes of comparison. The effective 
VG (superficial gas velocity) indicated for the ceramic-ring curve represents a value corrected 
for the. difference in free volume between ceramic and steel rings. 

The data of Sherwood and Holloway (1940) are of general value in estimating HL (or kLa) 
for the lower liquid-flow rate region. Although these data were largely obtained in experi- 
ments involving the desorption of oxygen, sufficient data were also obtained with carbon 
dioxide to indicate that the resulting correlation (equation 61), or the axresponding form 
(equation 6-2), applies equally well to this gas: 
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Figure 6-9. Effect of superficial gas velocity on height of transfer units for carbon 
dioxide absorption in water. Data of Cooper et a/. (7947) for 2- by& by %-in, steel 
raschig rings 

or 

Where: kLa = volume coefficient of mass transfer for liquid phase, lb moles/(hr)(cu 

H L  = height of an individual liquid-film transfer unit, ft 
L = liquid mass velocity, lb/(hr)(sq ft) 

pL = viscosity of liquid, lb mass/(ft)(hr) 
pL = density of liquid, lb/cu ft 
DL = diffusion coefficient for liquid phase, sq ftihr (approximately 6.6 x 

ft)(lb mole/cu ft) 

lW5 sq ft/hr for COz at 18°C) 
a, n, and s = constants with the values given in Table 6-6 

The preceding equations (equations 6-1 and 6-2) are intended to provide a means for cal- 
culating the liquid-film coefficient, kL, and height of a transfer unit, HL, for the general case. 
If the gas film also presents an appreciable resistance, an overall coefficient (or height) must 
be calculated by means of the conventional equations for adding the effects of both films. In 
the case of C02 absorption, the gas-film resistance can generally be assumed to be of negli- 
gible importance and values calculated by equations 6-1 and 6-2 can be used directly as 
approximate overall values for KLa and HOL. 
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Figure 6-10, Effect of superficial liquid flow rate on height of transfer units for carbon 
dioxide absorption in water. Solid line data of Cooper et al. (7947)  for2- by,?- byx-in. 
steel raschig tings. Dotted line based on data of Sherwood and Holloway (7940) for 
2-in. ceramic raschig rings 

Table 6-6 
Values of Constants a, n and s 

Packing a n 5 
~~ 

2-in. rings 
1.5-in. rings 
1.0-in. rings 
OS-in. rings 
%-in. rings 
1.5-in. saddles 
1 .O-in. saddles 
0.5-in saddles 
3-in. tile 

~ 

80 
90 
100 
280 
550 
160 
170 
150 
110 

__ 

0.22 
0.22 
0.22 
0.35 
0.46 
0.28 
0.28 
0.28 
0.28 

~~ 

0.50 
0.50 
0.50 
0.50 
0.50 
0.50 
0.50 
0.50 
0.50 

Rixon (1948) has presented absorption data from a small commercial plant designed to 
produce relatively pure hydrogen from fermentation gas containing approximately 9.4% 
COz, 50.2% CO: 34.6% Hz, 1.4% C h ,  and 4.4% N2 (by volume). In addition, he has pre- 
sented extensive absorption and desorption data obtained during a pilot-plant study which 
preceded construction of the commercial unit. Results are given for both the absorption and 
desorption stages of the pilot plant and for the absorption step only of the commercial unit. 
His results, which are correlated in terms of KLa, are in general agreement with those of 
Cooper et al. (1941) in showing a decrease in the absorption coefficient with decreased gas 
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rate at the high liquid rates used in the absorber. No effect of gas rate was observed in the 
stripper. The value of KLa was found to increase with increased liquid rate in both the stripper 
and the absorber. Operating data for typical runs on both plants are presented in Table 6-7, 
which also gives physical dimensions for the equipment tested. 

Absorption in Plate columns 

Plate-efficiency data for the carbon dioxide-water system have been presented by Walter 
and Sherwood (1941). For the case of a single plate, 18 in. in diameter with seven 4-in. caps, 
Mu~phree plate efficiencies from 1.8 to 2.6% were observed with operating temperatures 
averaging 10” to 12°C (50” to 54°F) and liquidgas flow-ratios from 2.2 to 16 moles liquid 
per mole gas. These data are of interest in illustrating the very low efficiencies obtainable 
with equipment of this type; however, conventional bubble-cap columns are not normally 
utilized for the absorption of carbon dioxide in water because they do not lend themselves to 
the very high ratios of liquid- to gas-rate employed. Several modified tray designs have been 
developed, however, which appear to offer promise. In one of these (Cooper, 1945) each 
plate consists of a series of parallel troughs. The liquid which fills the troughs overflows 
through the spaces between them to form curtains of falling liquid in the space below the 
plate. The liquid falls into the troughs of the plate below entraining gas bubbles in the liquid. 
The primary gas flow is horizontal between each plate in a direction parallel to the liquid 
curtains and upward through spaces at alternate ends of adjacent plates. 
In another somewhat similar design, a level of water several inches deep is maintained on 

each tray, and the bottom of each tray is perforated so that water jets flow downward to the 
tray below, entraining gas bubbles in the liquid on that tray. As in the previous design, the 
gas flows horizontally in the space between adjacent trays, then up through an opening at 
one end of the upper tray and back in the opposite direction in the next tray space. Plates of 
this type are sometimes referred to as “shed” or “shower” trays. 

Operating Data 

Typical flow rates and gas analyses have been presented by Yeandle and Klein (1952) 
who discuss various ammonia-synthesis gas-purification processes. According to these 
authors, a typical water-absorption unit would handle 5,000 scflmin of synthesis gas at 250 
to 275 psig with a flow of 4,000 gpm of water that has been deaerated and cooled. With a 
conventional packed absorber, the gas leaving the top of the column would contain 0.5 to 
0.8% carbon dioxide. 

Data are presented in Table 6-8 for the water-wash section of a large ammonia plant 
(Walthall, 1958) for two periods representing summer and winter conditions. It will be noted 
that considerably less water is required in the winter because of the lower ambient tempera- 
ture, and this results in a reduced loss of hydrogen with the flashed gas. In general, the tem- 
perature of the gas entering the absorber is 15” to 30°F higher than that of the feed water. 
The water at this plant contains 96 ppm dissolved solids and 119 ppm total solids and has a 
pH of 7.2. The absorber is 10 ft ID by 81 ft  high and is packed with raschig rings in three 
sections as follows: 

1. Top 19 ft, 3-in. aluminum rings 
2. Middle 17 ft, 3-in. ceramic rings 
3. Bottom 17 ft, 2-in. ceramic rings 



Table 6-7 
Typical Test Data for Absorption and Desorption of COP from Water in Packed Towers 

I Run Variables 

Physical dimensions: 
Column ID, in. 
Packed height, ft 
Packing, stoneware rings 

Water rate, Ib/(hr)(sq ft) 
Water temp, OF 
Inlet gas rate, Ib/(hr)( sq ft) 
Absolute pressure, atm 
CO, in inlet gas, % by vol 
CO, in exit gas, % by vol 
CO, in inlet water, Ibku ft 
CO, in outlet water, Ib/cu f t  
KLa, Ib/(hr)(cu ft)(lb/cu ft) 

Pilot-Plant Absorption, Run No. 
2 4 6 

9% 
25.5 (25 ft, 5% in.) 

1 x 1-in. 

24,030 14,450 17,400 
59.0 63.5 54.5 
134.0 116.0 120.0 
11.9 11.9 11.9 
61.2 60.6 59.1 
0.49 4.97 3.9 

0.337 0.47 I 0.404 
Not calculated because of 
spray-zone effect 

3.1 x 10-4 3.1 x 1 0 4  3.1 x .04 

Pilot-Plant Desorption, Run No. 
2 25 10 

15 
15 

1 x 1-in. 

10,390 
ambient 

136.0 
1 .o 

neg. 
3.7* 

4.4 x 10-4 
95.0 

7,340 
ambient 

96.0 
1 .o 

neg. 
1.80* 

not available 
3.1 x 10-4 

61.0 

2,445 
ambient 
332.0 

1 .o 
neg. 
0.17* 

4.4 x 10-4 
17.3 

Commercial-Plant Absorption, 
Run No. 

1 6 11 

21 
18 (two 9-ft sections) 

1% x 1%-in. 

33,200 33,200 22,400 
84.2 84.2 78.8 
76.2 181.0 231.5 
21.4 21.4 21.4 
9.63 10.12 9.20 
0.35 0.63 2.14 

1.25 x l e  1.25 x 10-4 1.37 x 10-4 
0.0288 0.070 0.0993 

20.1 50.0 35.2 

*Percent CO, in air at point 9ft above bottom of packing. 
Source: Data of Rixon (1948) 
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Table 6-8 
Operating Data on Removal of COP from Synthesis Gas by Water Scrubbing 

Scrubber Design Variables J ~ Y  December 
~ ~ ~ ~ ~ 

Temperatures, OF: 
Water entering 80 52 
Gas leaving 85 55 

Gas entering 254 260 
Pressures, psig: 

Gas leaving 248 256 

Feed gas, scfm 10,550 12,150 
Product gas (calculated), scfm 8,350 9,800 
Water feed, gpm 8,250 5,275 
N?33 production in synthesis section, lb/min 162 189 

Feed gas: 

Flow rates: 

Gas composition, %: 

co2 16.7 16.2 
co 2.1 2.8 
H2 59.8 60.1 
cH4 0.3 0.2 
Nz (including argon) 21.1 20.7 

COZ 0.81 0.72 
co 2.70 2.87 

Product gas: 

Flashed gas: 
co2 75.2 79.5 
0 2  0.0 0.0 
co 0.7 0.8 
HZ 18.0 15.1 
cH4 0.3 0.1 
N 2  (including argon) 5.8 4.5 

Source: Data courtesy of Temssee Valley Authority (1958) 

Water scrubbing has been proposed for the removal of COz from methane produced by 
anaerobic digestion. A pilot unit for this type of process was first put into operation in 1978 
at a wastewater treatment plant in Modesto, California (Henrich, 1981). The process, which 
is called the Binax system, uses an absorption tower operating in the range of 100 to 500 
psig and an atmospheric pressure air-blown regeneration tower. About 90% of the methane 
is recovered from feed gas to the absorber, which contains 30 to 50% carbon dioxide and 
trace amounts of hydrogen sulfide. The product gas is 98% methane. Plans to construct a 
Binax plant to produce approximately 650,000 scfd of pipeline quality gas from digester gas 
containing about 35% COP at Baltimore’s Back River Wastewater Treatment Plant have 
been reported (Henrich and Ross, 1983). Water scrubbing is attractive for this type of appli- 
cation because of its relatively low capital cost in small sizes, simplicity of operation and 
maintenance, and use of a readily available nonhazardous absorbent. 
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Unlike the amine- and alkali-salt-process solutions or essentially anhydrous organic sol- 
vents which are generally basic or neutral, water becomes quite acid when appreciable quan- 
tities of carbon dioxide are absorbed. As would be expected, this results in corrosion prob- 
lems in water-wash C02-removal plants. A compensating factor is that, unlike the other 
processes, the water system operates at or near ambient temperatures throughout the cycle. 
The low temperature level is, of course, a favorable factor with regard to corrosion, and the 
absence of heat exchangers reduces the amount of corrosible metal exposed. 

The corrosion of steel by carbon dioxide and other dissolved gases has been studied on a 
laboratory scale by Watkins and Kincheloe (1958) and Watkins and Wright (1953). These 
investigators found that the presence of oxygen greatly accelerates the rate of corrosion by 
carbon dioxide, while hydrogen sulfide in small quantities inhibits carbon dioxide corrosion. 
Comparative data taken from their corrosion curves are presented in Table 6-9. 

The tests were conducted in a dynamic test apparatus with water containing dissolved gas 
flowing at a constant rate past the specimens. Although such tests are of value in illustrating 
comparative effects, extreme caution should be used in extrapolating to plant-equipment 
design. The authors found, in fact, that the mere substitution of a different lot of mild steel 
changed the corrosion rate by a factor of three. 

In commercial operations, corrosion is minimized by the addition of inhibitors such as 
potassium dichromate to the water, the use of stainless steel in areas of high turbulence, and 
the application of protective coatings to the interior of the absorbex and other vessels. Wood- 
en cooling towers are adaptable to the stripping operation where countercurrent contact with 
air is required. Conventional water treatment to control algae may also be required in instal- 
lations where the water is exposed to light. Foaming is not usually a problem; however, 
when it does occur, due to the presence of oil or other impurities in the water, conventional 
foam-inhibitors of the high-molecular-weight alcohol (e.g., ocenol) or silicone types have 
been found to be effective. 

Table 6-9 
Corrosion of Mild Steel by Caaon Dioxide and Other Gases in Water* 

Gas Concentration, ppm Corrosion of Mild Steel, mildyear 
0 2  H2S A: C02 conc, 200 ppm B: C02 conc, 600 ppm 

8.8 0 
4.3 0 
1.6 0 
0.4 0 

C O S  35 
C O S  150 
C O S  400 

28 
18 
12 
17 
6 

15 
17 

60 
44 
34 
27 
6 

16 
21 

~~~~~~~~~~ ~ ~ ~ 

*Temperature 8OoF, exposure time 72 hr. 
Source: Data of Watkins and Kincheloe (1958) and Watkins and Wright (1953) 
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HYDROGEN SULFIDE REMOVAL BY ABSORPTION IN WATER 

Although hydrogen sulfide is appreciably more soluble in water than carbon dioxide, the 
use of water for removing this impurity from gas streams is not a commercially important 
process. Several attempts were made to commercialize the process, especially for treating nat- 
ural gases of very high hydrogen sulfide content. The fact that no heat is required for acid-gas 
desorption, and, consequently, no heat exchange equipment is necessary, suggested the possi- 
bility of substantial savings in capital and operating costs over the conventionally used 
ethanolamine processes. However, the savings resulting from the reduced energy require- 
ments are not as significant as expected because large amounts of steam are generated in the 
conversion of hydrogen sulfide to elemental sulfur in Claus type units which are necessary 
adjuncts of desulfurization plants, especially when large amounts of hydrogen sulfide are 
involved. In m a y  cases sufficient steam is produced to drive the rotating equipment and sat- 
isfy the heat requirements for solution regeneration in an amine plant. Furthermore, the rela- 
tively high hydrocarbon content of the acid gas evolved from the water leads not only to 
appreciable losses of product gas, but also to a considerable increase in the size of the Claus 
unit, and to operational difficulties due to cracking of hydrocarbons on the Claus catalyst. 
Lastly, design improvements made in ethanolamine units have resulted in a substantial reduo 
tion of energy requirements. These considerations and the. fact that water washing alone can- 
not produce pipeline quality gas have e l i a t e d  the process from largescale industrial use. 

In spite of the above considerations, the absorption of H2S in water may be economical in 
special cases, and it has been deomonstrated to be a technologically feasible operation. Pdot- 
plant experiments were conducted in Canada (Burnham, 1959), and a rather large commer- 
cial water wash installation, treating about 60 million cu ft per day of natural gas containing 
15% hydrogen sulfide and 10% carbon dioxide at a pressure of 1,100 psig was operated in 
Lacq, France, by Societe Nationale des Petroles d' Aquitaine (S.N.P.A.) (Barbouteau and 
Galoud, 1954). This unit was intended to remove the bulk of the hydrogen sulfide and car- 
bon dioxide from the sour gas prior to final purification with diethanolamine. However, the 
plant has been converted to the S.N.P.A.-DEA process (see Chapter 2), and, at present, no 
commercial units using water washing for acid-gas removal from high-pressure natural gas 
are known to be in operation. 

The solubility of hydrogen sulfide in water at moderate pressures has been determined by 
Wright and Maass (1932) and the behavior of the hydrogen sulfide-water system evaluated 
in more detail by Selleck et al. (1952) up to a pressure of 5,000 psig. Fortunately, the data 
from both of these investigations indicate that Henry's law holds reasonably well for the sys- 
tem at conditions which would normally be encountered in gas-purification operations. Equi- 
librium gas and liquid compositions can readily be calculated from Henry's law coefficients 
such as those presented in Table 6-10. 

Experimentally determined vapor-liquid equilibrium data for the system hydrogen sulfide- 
carbon dioxide-methane-water at pressures ranging from atmospheric to 1,014 psia and tem- 
peratures from 85" to 115°F have been reported by Froning et al. (1964). These authors 
found that the equilibrium constants K can be represented by the following equations: 

K M ~ * ~ ~  = 306,000/P + 2.19t + 3,910 t/P - 145.0 AG - 121.6R (6-3) 

Go, =-3,500&' + 0.12t + 360.0 t/P + 8.30 AG - 5,825 RIP (6-4) 

K H ~ ~  = 4.53 - 1,087P + 110.0 t/P + 4.65 AG (6-5) 
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Table 6-10 
Solubility of in Water* 

H at Various Temperatures, "C 
Pressure, 

atm 5 10 20 30 40 50 60 

1 3.12 x 1 d  3.64 x 1d 4.78 x 102 6.04 x Id 7.35 x I d  8.65 x lo2 9.81 x lo2 
2 3.19 x lo2 3.69 x lo2 4.80 x lo2 6.06 x lo2 7.39 x lo2 8.77 x lo2 10.02 x Id 
3 3.26 x lo2 3.72 x ld 4.83 x 102 6.09 x lo2 7.42 x I d  8.83 x lo2 10.1 1 x IO2 

*Values given are for H in Equation P = Hx, where x = mole fraction of solute in the liquid phase 

Source: Based on data of Wright and Maass (1932) 
and P = partinl pressure of solute in the gas phase, atmospheres. 

Where: K = mole fraction in gas phasdmole fraction in water phase 
P = system pressure, psia 
t = system temperature, "F 

R = mole fraction, H2S/AG 
AG = mole fraction C02 + H2S in gas phase 

Comparison of calculated K values using the above equations, with those reported in the 
literature for the binary systems methane-water, carbon dioxide-water and hydrogen sulfide 
water shows quite good agreement. 

In its simplest form, the water-wash-process plant consists of nothing more than an 
absorber, flash vessel, and recycle pump. As justified by the economics, additional equip- 
ment may be added to reduce hydrocarbon losses, recover energy from the high-pressure 
water, or control operating temperature. A process-flow diagram of a pilot plant used to 
study water absorption for natural-gas purification is shown in Figure 6-11. The pilot-plant 
study was made by the Shell Oil Company to investigate the feasibility of absorbing H2S and 
C02 from the gas of a Canadian field which analyzed about 45% acid gas. Results of the 
study indicated that 80 to 90% of the H2S (initial concentration 35%) and about 60% of the 
C02 (initial concentration about 10%) could be removed by water washing at 500 to 700 
psig. The pilot unit purified about 300,000 scf/day of gas with a water circulation of about 50 
gpm (Anon., 1955). 

An extensive study of corrosion was made in Shell's pilot-plant investigation inasmuch as 
this was expected to be one of the major operating problems. The results of the corrosion 
study have been presented in detail by Bradley and Dunne (1957). It was found that carbon 
steel in the absorber and rich-solution line was corroded rapidly at fist (up to 100 mils per 
year (mpy) during the first 2 days), but corrosion slowed down appreciably (to 10 to 30 mpy 
after about 10 days) as a result of the formation of a heavy protective iron sulfide scale. The 
protective film was found to form more slowly on steel samples in the flash vessel. Hydro- 
gen blistering and sulfide-corrosion cracking were found to be potential problems requiring 
the use of resistant materials and stress relieving. A corrosion inhibitor of the water-dis- 
persible amine type was found to reduce all forms of corrosion markedly when used in a 
concentration of 0.1% in the absorption water. In general, the data indicate that stress- 
relieved carbon steel could be used for vessels and major piping. Special alloys, e.g., type 
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304, type 316, or K-Monel, are preferred for critical components such as pump impellers, 
Bourdon tubes, thermometer wells, orifice plates, and relief-valve springs. 

The commercial unit described by Barbouteau and Galaud used a more complex flow 
scheme than is shown on Figure 6-11. The sour gas was first contacted with water in a col- 
umn, provided with bubble-cap trays, at about 1,100 psig and from there passed to the 
diethanolamine unit for final acid-gas removal. The water leaving the high-pressure absorp- 
tion column passed through a power recovery turbine to a flash drum maintained at 220 psig 
where most of the hydrocarbon gas dissolved in the water, together with substantial amounts 
of hydrogen sulfide and carbon dioxide were flashed off. The flash gas was washed with 
water in a secondary absorption tower and then sent to the fuel gas system. 

The effluent water from the first flash drum together with the wash water from the sec- 
ondary absorber was flashed, through another power recovery turbine, to essentially atmos- 
pheric pressure and stripped in a regenerating column. To facilitate expelling of acid gases, a 
small amount of deoxygenated flue gas was injected at the bottom of the regeneration col- 
umn. The acid gases were fed to a Claus type sulfur plant. 

Corrosion studies conducted in the unit gave similar results as those reported by Bradley 
and Dunne (1957). 

ABSORPTION OF FLUORIDES 

The removal of fluorine compounds from industrial exhaust gases is of increasing impor- 
tance as an air-pollution-control measure. Fluorides may be emitted from many processes 
and actual vegetation damage or cattle fluorosis have reportedly resulted from the operation 
of plants producing aluminum, phosphate fertilizer, iron, enamel, and bricks. The two opera- 
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Figure 6-11. Simplified flow diagram of pilot plant used to study H2S removal from 
natural gas by water absorption. Data of Bradley and Dunne (1957) 
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tions of major importance from the standpoint of quantity of fluorine compounds liberated 
are phosphate-rock treatment and aluminum-metal reduction. 

The chemical reactions which lead to the evolution of gaseous fluorine compounds in the 
above operations are not completely understood; however, the resulting compounds are usu- 
ally silicon tetrafluoride, SiF4, and hydrogen fluoride, HF. Particulate matter is also usually 
present in the exhaust-gas streams and this may contain other nonvolatile fluorine com- 
pounds. Available data on the mechanism by which fluorides are liberated have been 
reviewed by Semrau (1956). He concludes that the principal mechanism in high-temperature 
operation is pyrohydrolysis resulting in the formation of HF, while the formation of SiF4 is 
limited to low-temperature operations in which fluosilicates or other fluoride compounds are 
decomposed with acids. In practice, aluminum-plant exhaust gases are usually found to con- 
tain primarily HF with some particulate fluorides such as NaF and AIF,; gases from the 
acidulation of phosphate rocks contain primarily SiF4. Other phosphate-rock processing 
operations which involve heat, e.g., those using nodulizing kilns and calcium phosphate fur- 
naces, evolve primarily hydrogen fluoride. 

Fortunately, both hydrogen fluoride and silicon tetrafluoride are very soluble in water, and 
most commercial installations for the control of fluoride emission make use of this fact. 
Since large volumes of low-pressure gas must be handled, the design of exhaust-gas contact- 
ing equipment is governed to a large extent by the requirement of a minimum pressure drop. 
Low investment and operating costs are also important with equipment of this type because 
the resulting acid solutions do not usually represent an economically recoverable by-product. 
A further factor influencing the design of fluoride scrubbers is the presence of solid particu- 
late matter in the gas stream and the formation of solids by reactions occurring in the scrub- 
bing liquid. As a result of the considerations discussed above, fluorideabsorption units usu- 
ally are based on water-spray systems or relatively open grid packing. The effluent solution 
may be recycled to build up the acid concentration, treated with lime slurry to precipitate the 
fluoride ion, or discarded without further treatment. 

Basic Data 

The vapor pressure of hydrogen fluoride over aqueous solutions is shown in Figure 6-12, 
which i s  based on the data of Brosheer et al. (1947). As can be seen, HF is quite soluble in 
water at relatively low temperatures. A gas containing 130 ppm (by volume) of HF, for 
example, representing a vapor pressure of 0.1 mm Hg, could theoretically produce a scrub- 
ber-effluent solution containing almost 5 percent HF. In commercial installations, however, a 
very large excess of water is usually used and the discharged solutions seldom contain over 
0.1 percent HF. When the data of Rgure 6-12 are plotted as the logarithm of the partial pres- 
sure versus the reciprocal of the absolute temperature, essentially straight lines are obtained, 
the slope of which indicates that the heat of vaporization is in the range of 10.8 to 11.2 CaVg 
mole (19,800 BtuAb mole) for solution concentrations from 2 to 30% HF. 

Boiling point curves and vapor-liquid compositions for the binary system Hl-H20 are 
reported by Munter et al. (1%9), and the data have been extended to the anhydrous HF por- 
tion of the system by Ohmi (1990). 

Although hydrogen fluoride in solution is toxic and very corrosive to most materials, it is 
actually a relatively weak acid. It has an ionization constant of 7.4 X 1 p  at 25°C; this makes 
it only slightly stronger than acetic acid. 
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Figure 6-12. Vapor pressure of hydrofluoric acid over dilute aqueous 
Brosheer et ai. (1947) 

solutions. Data of 

When silicon tetrafluoride is absorbed by water, it reacts to form fluosilicic acid. The 
mechanism of the absorption process has been studied by Whynes (1956), who suggests that 
the reaction probably occurs in steps, as represented by equations 6-6 and 6-7: 

SiF4 + 2Hz0 = SiOz + 4HF (6-6) 

The simple fluosilicic acid probably reacts with additional Sip4 or SiO, to form a more 
complex form of this compound. The second reaction (equation 6-7) is reversible to the point 
that solutions of fluosilicic acid exert a definite vapor pressure of HF and SiF+ 

Whynes has presented data on the concentration of fluosilicic acid in equilibrium with 
SiF4 vapors; these are reproduced in F’igure 6-13. The curves indicate that an exhaust gas 
containing 0.3% silicon tetrafluoride can produce a solution containing about 32% fluosilicic 
acid at temperatures below 70°C. This has been confirmed in a plant wash-tower by continu- 
ously recirculating the solution for several hours. 

Tail gas scrubbers for phosphate operations typically utilize very dilute aqueous solutions. 
Data on the vapor pressure. of HF and SiF4 over solutions containing less than 2.5 percent 
HZSiF6 are given in Figures 6-14 and 6-15 which are based on Russian data (Illanionev, 
1963) as presented by Hansen and Danos (1980). 
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Figure 6-13. Vapor pressure of silicon tetrafluoride over aqueous solutions of 
acid. Data of Whynes (1956’) 

fluosilicic 

Fkosilicic acid solutions exhibit very low pH values, as indicated by the data in Table 6-11 
presented by Sherwin (1955) for industrial acid samples. 

Absorber Design 

As both hydrogen fluoride and silicon tetrafluoride are very soluble in water, the gas-film 
resistance would be expected to be the controlling factor in their absorption. This has gener- 
ally been veified by expeximental evidence although Whynes (1956) found the SiF4 absorp- 
tion to be complicated by a tendency to form mist particles in the gas; there is also a tenden- 
cy of the silica (produced by reaction with water) to form a solid film on the outside of the 
water droplets, thus hindering absorption. 

Absorbers which have been used or proposed for the removal of fluoride vapors from gas 
streams with water include the following general types (see also Chapter 1 and the first sec- 
tion of this chapter): 

1. Spray c h a m h  (vertical and horizontal) 
2. Counterflow packed towers (typically low-pressure drop packing) 
3. Venturi scrubbers, in which high gas velocities cause atomization of the water 
4. Ejectors (jet scrubbers) in which high-velocity water jets are used to scrub and exhaust the 

5. Cross-flow packed scrubbem 
gas 
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Figure 6-14. Vapor pressure of HF over dilute solutions of HpSiF,. Russian data 
(lllanionev, 1963) as presented by Hansen and Danos (1980) 
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Figure 6-15. Vapor pressure of SiF4 over dilute solutions of H2SiF6. Russian data 
(lllanionev, 1963) as presented by Hansen and Danos (1980) 
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Table 6-1 1 
pH values of Fluosllicic Acid Solutions 

Concentration of HzSiFs, 
% bywt PH 

1.0 1.4 
0.1 2.2 
0.01 3.0 
0.001 3.8 

A wide variety of spray-chamber designs has been employed for fluoride removal from 
tall cylindrical towers to horizontal vessels with cross- or cocurrent flow of water and gas. In 
typical spray chambers, water is introduced at several points from nozzles operating with 
water pressures of 15 to 60 psig. 

Gas velocities are generally low, in the range of 4 to 5 ft per second, to avoid excessive 
entrainment of liquid droplets. This results in the requirement for large-diameter vessels; 
however, it also results in very low gas-side pressure drop, typically less than 3 in. of water. 

Packed towers are generally more efficient than spray chambers, but suffer from the disad- 
vantages of a somewhat higher pressure drop and a greater tendency to clog. The most suc- 
cessful packings are grid types, which present less pressure drop to the gas than conventional 
raschig rings and berl saddles; special low pressure drop plastic shapes which are available 
from several manufacturers; and plastic mesh pads. 

Venturi scrubbers are very efficient in providing atomization of the water and good contact 
between the gaseous and liquid phases; however, they require a relatively high gas-side pres- 
sure drop and, consequently, a significant amount of power. This type of scrubber is probably 
in more widespread use for removing particulate matter than for absorbing soluble vapors. 

Ejectors offer the advantage of simplicity in that they serve as exhausters for the gas as 
well as contactors for absorption of the soluble vapors. Their principal drawback is a rela- 
tively large power requirement because of the comparative inefficiency of ejectors, when 
used for moving gas, as compared to well-designed blowers. The power is expended in 
pumping the liquid. 

Crossflow scrubbers are normally designed with one or more relatively shallow panels of 
packing slightly inclined toward the incoming gas. An open packing such as woven plastic 
mesh has reportedly given good results and can be cleaned readily with a high-pressure 
water hose (Hansen and Danos, 1980). During operation, the packing must be uniformly 
wetted, and this is usually accomplished by the use of low-pressure spray nozzles aimed at 
the face of the bed. 

Wet cells composed of beds of wetted saran fibers have been proposed for fluoride 
absorption and tested on a pilot scale (Berly et al., 1954). However, no commercial installa- 
tions are known. 

Because of the basically different operating principles of the various types of contacting 
equipment employed, they cannot logically be compared on the basis of conventional mass- 
transfer coefficients or heights of transfer units. In fact, the volume coefficient of absorption m, has little value as a means of correlating spray equipment because the area for mass 
transfer, a, varies with liquid rate, nozzle design, liquid pressure, distance from nozzle, and 
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other factors. Performance of different fluoride-vapor absorbers may, however, be compared 
on the basis of the number of transfer units in a given piece of equipment, or more simply, 
on the basis of percentage removal efficiency. 
An interesting approach to the problem of correlating data from equipment of this type has 

been suggested by Lunde (1958), who attempted to relate the number of transfer units to the 
total power requirements of full-scale equipment. 

For the case of a dilute gas stream, the number of transfer units based on an overall gas- 
phase driving force is defined as follows: 

Where: Noo = number of transfer units (overall gas) 
y = concentration of vapor in gas stream, mole fraction 

ye = vapor concentration in equilibrium with liquid, mole fraction 

P = total pressure, atm 
h = tower height, fi 

&a = overall mass transfer coefficient based on the gas, lb moles/(hr)(cu fi)(atm) 

GM = gas-flow rate, lb moles/(hr)(sq ft) 

In HF and SiF4 absorption units, where a large excess of water is used, the concentration of 
acid in the solution is very low and ye can be neglected. The equation is thus simplified to 

Since the absorption efficiency (E) is directly related to y1 and y2 = (yl - y2)/y1 x 1001 
the number of transfer units can be calculated directly from the following equation: 

Noo =In[ 1 ) 
1-E/100 

(6-10) 

In accordance with this equation, an absorption efficiency of 95% requires three transfer 
units, while 99% efficiency requires about five units. 

Lunde suggests that the number of transfer units for a packed tower is primarily dependent 
upon the height of the tower and is only slightly affected by the power introduced in the 
gaseous or liquid phase in accordance with the following general relationship: 

(6-11) 

Where: PL = power introduced in the liquid 
PG = power introduced in the gas 

h = tower height 
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With spray towers, on the other hand, the proposed equation is 

(6-12) 

That is, the number of transfer units is expected to be approximately proportional to the 
power introduced in spraying the liquid. This power would, of course, increase with an 
increase in either the quantity of water or the pressure drop across the nozzles. 

No equation is proposed for venturi or jet scrubbers; however, it should be noted that, with 
the former, most of the power must be supplied with the gas stream, which atomizes the liq- 
uid introduced; in the latter type, all of the power is introduced with the water, which prc- 
vides atomization and moves the gas stream. 

Data presented by Lunde for the absorption of HF in several types of equipment are repro- 
duced in Table 6-12 and plotted in Figure 6-16. He concludes that for a given requirement 
of HF or SiF4 removal efficiency, grid-packed towers require the least power and venturi 
scrubbers the most, with spray towers in between. His analysis of the data of Berly et al. 
(1954) and First and Warren (1956), for the absorption of HF in wetted beds of fiber (wet 
cells), indicates that the power consumption of this type of equipment is intermediate 
between those of the spray and venturi scrubbers. Data on the absorption of SiF4 in spray, 
packed, and jet scrubbers, presented by Pettit (1951 A, B) and Sherwin (1954), were found 
to show no correlation with power introduced, although the spray-scrubber points fall rea- 
sonably well on the line for spray scrubbers handling HF, as shown in Figure 6-16. 

Sherwin (1954) also presents data relating to the effect of nozzle design, number of noz- 
zles, and water-flow rate on the performance of spray towers for SiF4 absorption. The three 
types of nozzles tried, which included one solid-cone and two hollow-cone spray-pattern 
designs, did not appear to give appreciably different performances, nor did any improvement 
result from the substitution of as many as nine nozzles for one centrally located one. As 
would be expected, however, the water-flow rate was found to have a very strong effect. 
Using the average performance values for all nozzles, Nm has been calculated for several 
water-flow rates from Sherwin's study, and the results are shown in Table 6-13. 

Data on which the table is based were obtained in the f i s t  of six towers of a commercial 
plant. Gas and liquid flowed cocurrently downward through the unit, which was 7 ft 
square by 28 ft high. Approximately 10,000 cfm of gas containing about 0.6% SiF4 
entered the unit at a temperature of about 60°C (140°F). Sufficient data are not available to 
permit plotting the points on Figure 6-16; however, if power input is assumed to be pro- 
portional to water-flow rate, the data would form a line closely paralleling that plotted for 
spray scrubbers. 

Sherwin's data on the relative efficiencies of each of the six spray towers operating in 
series are also of interest. The six units were manged for downward gas flow in the first, 
then alternately upward and downward flow, with the gas leaving the top of the last section. 
Water was fed to the system through 24 spray nozzles (four per tower), at a pressure of 8 
psig and a rate of 3.8 gpm per section. Each unit was 7 ft square by 28 ft high. Pertinent 
results of this study are tabulated in Table 6-14. 

The high apparent efficiency of the final stage is believed due to the presence of some pack- 
ing which was installed in this section for the purpose of removing silica particles from the gas. 



Table 6-12 
Hydrogen Fluoride Absorption 

Gas Rate, Liquid Rate, Horsepower Expended per &a 
1,000 cu ft gadmin. lb mole/@r)- 

Typeof 
Absorbing Ib/(hr) Ib/(hr) 

Installation Equipment Absorbent (sq ft) (sq ft) Gas Liquid Total (cuft)(atm) Noc 

A Crossflow spray Water 1,880 72 -0.0056 0.0098 -0.015 -12 -0.38 

A Crossflow spray Water 1,830 84 -0.0067 0.017 -0.024 -15 -0.62 

A crossflow spray Water 2,110 72 -0.0067 0.0089 -0.016 -1 1 -0.33 

A Crossflow spray Water 2,080 103 -0.0067 0.0067 -0.013 -12 -0.25 

A Crossflow spray Water 1,400 92 -0.0061 0.017 -0.023 -25 -1.09 
B Crossflow spray Lime water 2,050 105 -0.006 0.013 -0.019 -35 -1.50 
C Countefflow spray Water 2,000 800 -0.2 0.10 -0.3 9 -5.85 
D Parallel flow spray Lime water 13,800 3,800 -0.23 0.017 -0.25 51 2.58 
E Counterflow spray Water 2,000 380 0.24 0.02 0.26 -4.3 2.5 
F Venturi Water 76,000* 42,000* 4.7 0.07 1 4.8 ...... 2.9 

G Venturi Water -70,000* -4O,OOa65,000* 2.4 0.11 2.5 ..... 2.7 
G Venturi Water -70,000* -40,000-65,000* 2.9 0.071 3.0 ..... 2.3 
G Venturi Water -70,000* -40,000-65,000* 3.5 0.095 3.6 ..... 3.0 

G Venturi Water -70,000* -40,000-65,000* 4.5 0.13 4.6 ..... 2.3 

G Venturi Water -70,000* -40,000-65,000* 2.1 0.074 2.2 ..... 2.0 

G Venturi Water -70,000* -40,000-65,000* 4.0 0.12 4.1 ..... 3.9 

*Based on t h a t  cross sectim Source: Data of Lunde (1958) 
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Table 6-13 
Effect of Water-Flow Rate on SiF, Absorption in Cocurrent Spray Tower 

Water-Flow Rate, gpm Approx. Absorption Efficiency, % NOG I 
3 
9 

15 
21 
27 

30 
45 
60 
72 
81 

0.36 
0.60 
0.92 
1.27 
1.66 

It is interesting to note the small difference between countercurrent and cocurrent operation in 
the various sections. This is due to the fact that solution concentration has little effect on the 
absorption rate in the ranges encountered. In a separate experiment to evaluate this factor, solu- 
tion from the first two towers was recirculated continuously over the first tower to build up the 
fluosilicic acid concentration. The fluoride-removal efficiency was found to be relatively con- 
stant (60 to 80%) for solution concentrations from 0 to 15% fluosilicic acid and then to drop 
rapidly to about 35% as a concentration of 25% acid was approached. 

A detailed compilation of engineering design methods for wet scrubbers is presented by 
Calvert et al. (1972). The study includes a sample calculation for the design of a water scrub- 
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Table 6-14 
Relative Absorption Efficiencies of Spray Towers in Series for SiF, Absorption 

Fluorine 
Direction Fluorine Entering Efficiency 

Section of Gas Absorbed, Section, of Section, &a, Ib moles/ 
No. Flow % ofTotal % ofTotal % (hr)(cuft)(atm) NoG 

1 Down 30 100 30 0.3 1 0.36 
2 UP 25 70 36 0.38 0.45 
3 Down 16 45 36 0.38 0.45 
4 UP 13 29 45 0.5 1 0.60 
5 Down 7 16 44 0.49 0.58 
6 UP 8 9 89 1.87 2.19 

performance 99 100 99 4.63 
Over-all 

Source: Data ofSherwin (1954) 

ber to remove SiF4 from gases evolved from a phosphoric acid manufacturing operation. The 
calculation is based on processing gas from the digestion of 2,000 T/day of phosphate rock in 
sulfuric acid to produce 600 T/day Pz05 equivalent. Approximately 400 lblhr of SiF4 are emit- 
ted from the reactor and enter the scrubber in approximately 220,000 ft?lhr of gas saturated 
with water at 144°F. In order to obtain a removal efficiency of 99.8%, it is concluded that two 
scrubber stages are required. The first stage is simply a vertical duct approximately 3 ft  diam. 
by 33 ft high, with cocurrent downward flow of gas and water. Approximately 80 gpm of 
water are sprayed in at the top of the duct. The second stage is a 3 ft dim. by 12 ft  high 
cyclonic spray scrubber employing 22 nozzles, each operating with 6 gpm of water and a 
water pressure of 60 psig. An efficiency of 91.8 percent fluoride removal is predicted for the 
first stage and over 99.8 percent for the overall system. Detailed discussions of the design of 
wet scrubbers for phosphate plants are also presented by Hansen and Danos (1980, 1982). 

Operating Data 
In the production of superphosphate fertilizer from phosphate rock, the rock is nonnally pul- 

verized, mixed with sulfuric acid, and discharged into a den where the reaction between rock 
and acid proceeds. The fresh superphosphate is then removed from the den by an elevator and 
conveyed to storage for curing. Exhaust gases containing fluorine compounds are drawn from 
the mixing and den operations and, in some instances, from the elevator and other units. 

Typical Florida pebble phosphate rock contains about 3.6% fluoride expressed as elemental 
fluorine, and approximately 32% of this is released during the acidulation process pettit, 1951). 
Almost all of the fluoride vapors are evolved in the mixer and den although a slight evolution of 
vapor occurs during subsequent handling and storage operations. The composition of mixer 
gases and total flue gases from a plant handling Morocco rock i s  presented in Table 615. The 
fluorine evolved from this rock corresponds to approximately 1% of the weight of the rock 
or 25% of the fluorine originally present. 
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Table 6-15 
Composition of Exhaust Gases from Continuous Superphosphate 

Acidulation Process 

Flue Gas 
Exhaust Conditions Mixer Gases (mixer plus den) 

Gas temperature, "C 78 (172°F) 60 (140°F) 
Gas quantity, lb moles/hr 146.8 792.4 
Analysis, mole percent: 

Air 34.5 78.9 
COZ 16.1 3 .O 
SiF4 2.0 0.6 
HZO 47.4 17.5 

Source: Data of Sherwin (1954) 

Comparative data on three types of scrubbers used in superphosphate plants are presented 
by Pettit (1951 A, B). Although no conclusions are drawn in the study, the data, which are 
summarized in Table 6-16, indicate that the horizontal scrubber offered the highest efficien- 
cy with the lowest water-flow rate. The high efficiency of this unit probably resulted from 
the use of high-pressure nozzles and the long tortuous path which ,the gas stream was forced 
to follow. 

Data on 13 scrubbers handling superphosphate-den gas have been presented by Sherwin 
(1954). Ten of these are more or less conventional spray-tower systems, one is a packed 
tower, and one is a jet-exhauster system. The spray towers show values for &a ranging 
from 0.62 to 2.65; the packed tower, a &a of 3.7, and the jet exhauster, a &a of 15.6. The 
volume for the jet exhauster is based on the volume of the "tower" which would enclose the 
vertical venturi pipe from the jet level to the level of the liquid in the tank below. The system 
obviously gives a very high volumecoefficient of performances; however, power consump- 
tion was reported high and overall fluorine-removal efficiency for two units in series was not 
as high as that of the majority of the spray installations. A portion of the data on these units 
is summarized in Table 6-17. 

It will be noticed that the two-stage spray tower (installation 4) gives slightly better per- 
formance than the six-stage spray tower. The two major reasons for this appear to be (a) the 
lower gas velocity which allows the mist formed to settle out and (b) the appreciably higher 
water-circulation rate. Silica-deposition problems generally favor the use of a spray tower 
for this service over the more compact packed tower. 

Hansen and Danos (1982) report on experience with a large (18 ft  X 8% ft X 46 ft) cross- 
flow scrubber in a phosphoric acid plant. The scrubber consisted of a spray chamber fol- 
lowed by multiple packed beds of plastic woven mesh. With regard to the spray chamber 
section of the scrubber, they conclude that a spray nozzle pressure over 60 psig is required to 
attain 80% fluoride removal efficiency (1.5 transfer units); the amount of spray chamber 
water should be about 20 to 30 gpm11,OOO acfm; and full cone spray nozzles directed coun- 
tercurrent to the gas flow are preferred. The plastic woven mesh may be imgated with low- 
pressure co-current sprays; however, the nozzles should be mounted so that they are equidis- 
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vertical- 
spray 

Towers+ 

292 
32 
12 

13,000 
15 

24.3 

Table 6-16 
Comparative Performance Data on Superphosphate Plant Exhaust-Gas Scrubbers 

Ejector Unit? 
Sprays Ejector 

60 300 
30 60 
24 1 

7,500 
15 
48 

Scrubber. Tvoe 

Design Variables 
~ ~ ~ 

Water-flow rate, gpm 
Water pressure, psig 
No. of nozzles (or ejectors) 
Exhaust-gas rate (max), cfm 
Plant size, tons superphosphateh 
Water-use rate, gpd1,OOO cfm gas 
Apparent average efficiency 

of fluoride removal. % 

Horizontal- 
spray 

Scrubber++ 

60 
62 
80 

14,000 
40 
4.3 

95 I 98 I 99 
*Two cylindrical towers 42 in. in diameter by 40fr.high and one tower 42 i n  in diameter by 20fr high. 
Gases pass down throughfirst tower, up through second, and down through third. First two towers are 
fitted with six spray nozzles, each pointed against the gasflow. Lust tower is dry. 

Noule opening is 30 cm. Unit discharges into covered sump containing 20 spray nozzles mounted on 
top. Four spray noules are also mounted in base of stack. To prevent entrainment, wooden banes and a 
thin bed of I-in. raschig rings are installed in the stack 

++Horizontal scrubber is 338 3% in. long, 4fr 9" in. wide, and 11 fr 10 in. high. Unit is divided into eleven 
companments so that gas goes up through first, then down through second compartment, and continues 
alternately up and down throughout the unit. The first 10 compartments contain 8 spray nozzles each: the 
last is dry. 

+Ejector has gas-suction and discharge connections 30 in. in diameter and a 3-in. water connection. 

Source: Data of Pettit (19.51 A, B) 

tant from the packing face and should be designed so that, when partially plugged, they do 
not create a single jet of water that can wear holes in the woven mesh. 

Data on a commercial water spray installation for removing HF and other fluoride com- 
pounds from the exhaust gases of a nodulizing kiln have been reported in considerable detail 
by Magill et al. (1956) and are reproduced in Table 6-18. Limited data are also available on 
a large jet scrubber operating at a TVA installation manufacturing high analysis superphos- 
phate (Anon., 1962). The unit is used to pull and scrub 12,500 scfm of air containing silicon 
tetrafluoride vapor and entrained phosphate dust and to develop a suction head of minus 1 in. 
of water. The ejector has a 36-in. diameter suction chamber and is almost 16 ft high. The 
spray nozzle has a 541-1. diameter bronze spiral insert covered with 3 6  in. thick neoprene. The 
scrubber discharges downward into a brick-lined concrete sump. Liquor is recycled to the 
nozzle by means of a centrifugal pump at a rate of 744 gpm, a pressure of 60 psig, and a 
maximum temperature of 135°F. 

Materials of Construction 

As would be expected with chemicals as corrosive as hydrofluoric and fluosilicic acids, 
the selection of suitable construction materials is an important design consideration. As a 
general principle, it can be stated that unprotected carbon steel is not suitable for aqueous 
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Table 6-1 7 
Summary of Data for Typical Commercial Superphosphate Den-Gas Scrubbers 

Spray Units Packed Jet 
Scrubber Variables A B Tower System 

Installation number 
Stages in series 
Size of dens, tons superphosphateh 
SiF4 in feed gas, Z by volume 
SiF4 in exit gas, jym by volume 
Gas flow, cfm/(ton superphosphate) (hr) 
Liquid flow, gpm/(ton superphosphate) (hr) 
Gas velocity, Wsec 
Fluoride-removal efficiency, % 
Effective height, ft (height x no. of passes) 
Tower volume, cu ft/(ton superphosphate) 

Liquid circulation rate gaVl,000 cu ft of gas 
Gas contact time, sec 

(hr) 

KGa 
NOG 

1 
6 
28 

0.29 
38 
250 
0.75 
24 

98.6 
170.0 

293.0 
3 .O 
70 

0.616 
3.8 

4 
2 
9 

0.54 
50 
134 
1.42 
0.77 
99.1 
35.0 

101.0 
10.7 
46 
1.04 
4.7 

12 
3 

6.5 
0.17 
110 
462 

6.3 
93.1 
45 

56 
10 
7.1 
3.68 
2.7 

- 

13 
2 
25 

0.88 
200 
120 
12.0 

97.8 
49 

4.8 
100 
0.2 
15.6 
3.8 

Source: Data of Sherwin (1954) 

Table 6-1 8 
Operating Data on Water-Spray Tower Treating Noduliring-Kiln Exhaust Gas 

Design Variables 

Tower diameter, in. 18 
Tower height, ft  80 
No. of spray injection-points 6 
Gas inlet temperature, "C 300 
Gas exit temperature, "C 72 
Gas inlet rate, cfm 52,000 
Gas exit rate, cfm 26,500 
Rate of inlet HF, lb F2/day 4,000 

97 
Fluorine removed (as HF), % 97.6 
Rate of inlet NaF as dust, lb Fz/day 340 
Kate of exit NaF as dust, Ib Fz/day 14 

95.9 

Rate of exit HF, lb Fz/day 

Removal of F2 in dust, % 
Water flow, gpm 700 
Hydrated lime consumption, lb/day 24,000 

Source: Data from Air Pollution Handbook (1956) 
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solutions of these acids at any concentration and, therefore, corrosion-resistant alloys, organ- 
ic materials (wood or polymers), concrete, or brick must be employed. 

Exhaust gas containing hydrofluoric acid is normally produced at an elevated temperature, 
and carbon-steel ducts may be employed to convey the gas to the purification unit provided 
its temperature is well above the dew point. It is usually necessary to precool the gas before 
it enters the actual absorption equipment in order that the latter can be constructed from, or 
lined with organic materials. The gas can be most readily cooked by the use of water sprays 
within the ducts, and the spray section of the conveyor duct should be constructed of stain- 
less steel or other material which can stand both high temperatures and corrosive liquids. 
After cooling, the gas and dilute aqueous hydrofluoric acid can be handled in equipment 
constructed or l i e d  with resistant materials such as polyvinyl chloride, polyethylene, Kynar 
and neoprene. For large aluminum-plant scrubbers, hydrofluoric acid-absorption towers have 
been constructed of clear heart-redwood staves with internal piping of polyvinyl chloride and 
brass, stainless-steel, or Monel nozzles. New scrubber vessels are more commonly construct- 
ed of FRF' with a Dyne1 shield to protect glass fibers from the fluorides. 

Ejectors for hydrofluoric acid service may be constructed of cast iron or steel and lined 
with a protective film such as neoprene or Kynar, or they may be fabricated entirely from a 
hydrofluoric acid-resistant material. Asplit "F," a modified phenolic resin fortified with an 
inert carbon filler, has proved to be satisfactory for this service @mwn and Tomlinson, 1952). 
In silicon tetrafluoride operations, the gas is usually available at moderate temperature 

(from phosphate-rock acidulation); however, relatively high fluoride concentrations may be 
developed. Depending on whether recirculation of fluosilicic acid solution is practiced, the 
fluosilicic acid concentration in the liquid may range from a fraction of 1% to over 10%. 
Because of the wide range of operating conditions and performance requirements of fertiliz- 
er-plant exhaust-gas purifying systems, a considerable variety of construction materials have 
been utilized. 

Experience in Great Britain (Sherwin, 1954) indicates that good-quality engineering brick 
without frogs, bonded with a latex hydraulic-type cement, is the most satisfactory type of 
massive construction material for silicon tetrafluoride-absorption towers. In the United 
States, the towers are more commonly constructed of FRP or wood, with or without a protec- 
tive organic coating. Tower basins and sumps are usually constructed of conventional port- 
land-cement concrete. This material is apparently protected from severe attack by the precip- 
itation of silica and other compounds in the pores as a result of the initial reaction between 
fluosilicic acid and constituents of the cement. 

Monel metal and high chromium-molybdenum-nickel stainless steel are generally the 
most resistant materials of construction for equipment in contact with fluosilicic acid. How- 
ever, they are very expensive, and their use is generally reserved for precision parts in very 
severe service, such as impellers and nozzles, particularly where recirculation is practiced. 
Common brass has proved quite satisfactory for exterior piping and, in some cases, for spray 
nozzles. Lead is not satisfactory for handling fluosilicic particles. 

In addition to causing erosion of solution-handling equipment, silica particles, which pre- 
cipitate from both gaseous and liquid phases, complicate the design of lines and vessels. The 
silica coats the inside of ducts and columns, plugs packings, and settles out of the solution 
stream wherever its velocity is reduced. The problem is best handled by designing the equip- 
ment so that all surfaces in the absorber are flushed with adequate quantities of water and the 
resulting solution is kept moving as rapidly as possible in lines and collection basins. In spite 
of such precautions, it is common practice to flush out silicon tetrafluorideabsorption sys- 
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tems with high-pressure water once every 2 or 3 days and to physically scrape deposited sili- 
ca from the walls and ducts several times a year. 

Disposal of Absorbed Fluoride 

In both HF and SiF4 absorption operations, the product water may be too acid and toxic 
for direct disposal to sewers. It is, therefore, common practice to neutralize the effluent with 
limestone (or lime) in a separate tank. The fluoride ion is precipitated as calcium fluoride, 
and where other components such as silica and iron are present, these may also be precipitat- 
ed as a result of the pH change. The solids can be readily separated by settling or filtration 
and disposed of separately, although occasionally the neutralized mixture, which is relatively 
innocuous, can be disposed of as a dilute slurry. 

Efforts have. been made in some installations to recover the fluorine evolved in phosphate- 
rock processing as cryolite or other marketable products. The quantity of fluorine evolved in 
such operations is very large so that steps to recover it would appear warranted. A process 
developed by the Tennessee Valley Authority (TVA) is claimed to accomplish this (Anon., 
1957). In the TVA process, the water used to scrub nodulizing-kiln exhaust gas is maintained 
at a pH of 5 to 6 by the continuous addition of ammonia, and the resultant rich liquor is treat- 
ed to precipitate impurities and yield a valuable NI-K,F solution. The absorber solution is 
recirculated to bring its fluorine content up to about 35 giliter. The rich solution is then treat- 
ed with sufficient ammonia to raise the pH to 9, thus precipitating iron, silica, and part of the 
phosphorus. The precipitate is filtered off, and the solution is then used to make cryolite (by 
adding sodium sulfate and alum at a pH of 6) or aluminum fluoride. 

Additional studies conducted by TVA on the removal of fluorine from aqueous scrubber 
effluents and the production of useful fluorine compounds have been reported by Tarbutton 
et al. (1958) and by Barber and Farr (1970). The latter study describes cryolite recovery from 
effluents from phosphorus furnaces. 

The absorption of hydrogen chloride in water (or in dilute HCl) is a very important opera- 
tion in the manufacture of commercial hydrochloric acid. It is also important in the purifica- 
tion of exhaust gas from chemical operations which form HCI as a by-product, and from 
refuse incineration where HCI is formed by the combustion of chlorine-containing plastics 
and solvents. Where HCl vapor is present as an impurity in gas streams, it can readily be 
removed by washing with water. The only complicating factors are the extreme corrosive- 
ness of the resultant solution and the problem of its disposal. 

Vapor-pressure data for the hydrogen chloride-water systems are presented in Table 6-19. 
As can be seen, the vapor pressure of hydrogen chloride over dilute aqueous solutions is 
extremely low although it increases appreciably with increased temperature. The heat of 
solution is considerable: about 240 Btunb of 35% hydrochloric acid produced at room tem- 
perature. Therefore, heat removal is necessary if it is desired to effect very complete removal 
of hydrogen chloride from a concentrated gas stream or to produce a solution of maximum 
concentration. This may be accomplished by using cooled absorbers or by recycling the acid 
through a cooler and back to the absorption unit. 

Because of the very high solubility of HCl in water and the rapidity with which the reac- 
tion with water occurs, the absorption is completely gas-film controlled. With concentrated 
gas streams, in which the low concentration of inert gas permits rapid diffusion through the 



454 Gas Purification 

~ ~ 

Table 6-19 
Partial Pressure of Hydrogen Chloride Gas Over Hydrochloric Acid Solutions 

in Water (Variation with Temperature) 

Conc. of HCI, lb per Partial pressure HCl, mm Hg, at 
100 Ib HzO 0°C 20°C 50°C 110°C 

78.6 510 
66.7 130 399 
56.3 29.0 105.5 535 
47.0 5.7 23.5 141 
38.9 1 .o 4.90 35.7 760 
31.6 0.175 1 .oo 8.9 253 
25.0 0.0316 0.25 2.12 83 
19.05 0.0056 0.0428 0.55 28 
13.64 0.00099 0.0088 0.136 9.3 
8.70 0.000118 0.00178 0.0344 3.10 
4.17 0.000018 0.00024 0.0064 0.93 
2.04 - 0.000044 0.00140 0.280 

Source: Datafrom Perry and Green (1984) 

gas stream, absorption is extremely rapid and very simple devices such as externally cooled, 
wetted-wall columns may be used. With less concentrated gases, the absorption rate is 
reduced somewhat, and multi-stage scrubbers or conventional ceramic-packed towers may 
be required. 

A two-stage jet scrubber system is reported to be capable of recovering 15% HCl solution 
from the waste gas of a refuse incineration plant containing as little as 0.005 kmol HC1 per 
kmol air (0.5 ~01%) with a scrubbing liquid temperature as high as 70°C. (Wiegand Evapora- 
tor Division, GEA Food and Process Systems, 1992). The absorption operation is shown dia- 
gramatically in Figure 6-17, which is based on batch transfer of the liquid from stage to stage. 

Refemng to the figure, the second stage is started with fresh water (point 4) which is con- 
tinuously recirculated until its composition reaches that indicated by point 5 on the chart. At 
this time, the liquid is transferred to the 1st stage tank from which it is recirculated until its 
composition reaches that indicated by point 6 (15% HCl). At the end of a cycle, gas from the 
first stage will be approximately in equilibrium with 15% HC1 as represented by point 2 on 
the chart, while cleaned gas from the second stage will approach equilibrium with the liquid 
in that stage (point 3). 

Although the absorption of concentrated HCl vapors in the mufacture of hydrochloric acid 
is beyond the scope of this book, the removal of traces of HC1 from the tail gas of such a 
process is a gas-purification problem. This type of operation is particularly important in the 
manufacture of HC1 as a by-product of hydrocarbon-chlorination reactions, because the hydro- 
gen chloride is associated with appreciable volumes of inert gas in the effluent from such 
processes. An excellent review of hydrochloric acid manufacture is presented in Encyclopedia 
of Chemical Technology (1974). A standard design tail-gas absorber, as described by this text, 
is filled with stoneware packing and takes liquid loadings of 1 gal/(min)(sq ft) or higher and 
gas velocities from 1 to 3 ft/sec. A weak acid containing 20% or less HC1 is produced in the 
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Figure 6-17. Absorption diagram for removal of HCI from a dilute gas slream by two 
stages of jet scrubbing. Wiegand Evapotator Division, GGI Food and Process Systems 

tower, and the HCl concentration in the gas vented is reduced to the range of 0.1 to 0.3%. The 
towers are usually operated under suction with a fan located in the vent-gas stream. 

Experimental data on the operation of a complete hydrogen chloride-absorption pilot 
plant, including both the primary cooler-absorber and the tails tower, have been presented by 
Coull(l949). The unit was constructed of Karbate (trademark of National Carbon Company, 
now Union Carbide Corp., for impervious carbon and graphite products) and consisted of a 
vertical water-jacketed tube through which the HCl gas and liquid flowed cocurrently for 
production of strong acid, plus a packed column through which unabsorbed tail gas was 
passed countercurrent to a stream of water. A schematic diagram of the unit together with 
data from one typical run are presented in Figure 6-18. 

The cooler-absorber contained a Karbate tube, %-in. ID by 1%-in. OD and 108 in. long, 
which served as a cooled, wetted-wall column, and the tails tower consisted of a 4-in. ID 
Karbate tube packed to a depth of 4 ft 5 in. with %-in. carbon raschig rings. Losses of hydro- 
gen chloride in the vent gas were found to be negligible, and, in general, the absorption of 
hydrogen chloride in the tails tower appeared to take place in the lower portion, as indicated 
by the height of the hot zone. The run used to illustrate the schematic diagram of Figure 6-18 



456 Gas Purification 

VENT GAS 
0% HCl 

i 

I I 
I 
I 
I 
I 

FEED GAS IN 78.7% HCI 
(21.8 LE HCI/HR)AT 7B.F 

F COOLING HzO 

I 
I our-& 

WEAK GAS - 41 '% HCI  
(DRY BASIS) 

PRODUCT ACID WT 
33.5% Wl -I05.F 

TAILS T M R  COOLER-ABSORBER 

Figure 6-1 8. Schematic diagram of hydrochloric acid-absorption pilot plant with 
operating data from a typical run. From mu// eta/. (1949) 

was not typical of this regard, however, as the hot zone extended 40 in. up from the bottom of 
the 5-ft high tails tower. 

A similar installation was employed by Dobratz et al. (1953), who evaluated three Merent 
absorption tubes in the cooler-absorber (Win. ID Karbate, 1-in. ID tantalum, and 0.88-in. ID 
stainless steel) and investigated the production of 36 to 40% hydrochloric acid solutions. 
These authors present complete data, including heat-transfer and absorption-coefficient corm 
lations for the cooler-absorber, but give no data on the performance of their 4-in. by 4-ft 
packed tail-gas scrubbing tower. 

Kantyka and Hincklieff (1954) have shown that a single-tower adiabatic absorber is capa- 
ble of recovering a 28% hydrochloric acid of commercial quality from by-product gas pro- 
duced during batch chlorination of organic compounds. 

An evaluation of wet-fiber filters for use in the absorption of hydrogen chloride vapors by 
water in connection with an unusual gas-purification problem was presented by First and 
Warren (1956). The hydrogen chloride-containing gas in this case was produced as the result 
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of an operation used to make very pure silica by the combustion of silicon tetrachloride. The 
gas contained a white fume of silicon dioxide and some unburned silicon tetrachloride as well 
as the hydrogen chloride. The gas absorber consisted of two stages of wetted, glass-fiber mats 
plus a third-stage dry mat which served as a mist eliminator. The mats were constructed of 
curly glass fibers of 50-p diameter. The wet stages were each 4 in. thick, and the dry pad was 
2 in. thick. Gas entered at a temperature of 350°F and was precooled by a spray nozzle in the 
inlet duct. Absorbent was sprayed on the fiber mats at a rate of 3.8 g p d s q  ft for a gas-flow 
rate of 216 scfm/sq ft. Pressure drop through the unit was found to be 4 in. of water gauge. 

With water as the absorbent, the HCl content of the gas was reduced from 3.15 mg/cu m 
to 0.0025 m g / a  m, a removal efficiency of 99.9%. Other tests made, using a 5% aqueous 
solution of sodium carbonate as the absorbent, revealed essentially the same removal effi- 
ciency. Although the apparatus proved very effective for HCl removal, little or no decrease 
in the quantity of fine silica fume was effected by the system. 

A commercial installation that uses jet scrubbers in combination with packed columns to 
remove hydrochloric acid vapors from the exhaust gas of a chemical manufacturing plant is 
described by Papamarcos (1990). A schematic diagram of this installation is shown in Fig- 
ure 6-19. The jet scrubbers are designated “Jet Venturis” by the manufacturer, Croll- 
Reynolds Co. Inc.; however, they are not venturi scrubbers. The system consists of two jet 
scrubbers in series which use water to recover 98% of the HC1, followed by two short 
packed columns in series which use a dilute caustic solution for final purification to about 2 

RUPTURE 
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U R  50-60 YN 

2 P W  HCI 130 X F U  
WI 50-60 m u  

Figure 6-19. Schematic diagram of HCI scrubber system employing two Jet Venturi 
scrubbers and two packed columns. From Papamanos, (7990) 
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ppm HCl in the product gas. Two packed columns are used instead of one tall one because of 
height limitations. 

The system illustrated in Figure 6-19 is designed to handle a variable gas flow rate from 60 
to 240 scfm as well as a variable gas composition with regard to HC1 content. Each jet scrub 
ber discharges into a 5,000 gallon tank. When the solution in the first tank reaches 32% by 
weight the solution is transferred to product storage. The contents of the second tank, at a con- 
centration of about lo%, is then transferred to the first, and the second tank is filled with fresh 
water. The heat of solution of HCl, which is generated primarily in the first jet scrubber stage, 
is removed by a plate and frame heat exchanger in the solution recirculation line of this stage. 

In this installation, the jet scrubber units are constructed of fiber reinforced plastic (FRP) 
with PVC spinners in the spray nozzles. The tail-gas scrubber towers, tank, and ductwork are 
also constructed of FRP with polypropylene packing and mist eliminators. 

According to Croll-Reynolds (1992), a combination jet scrubber-packed tower system has 
also proved effective for absorbing silicon tetrachloride produced as a byproduct in the pro- 
duction of pure zirconium metal. The Sick is captured and held in storage tanks; however, a 
scrubber system is required to absorb s m a l l  quantities which may escape during plant main- 
tenance operations. Water is a suitable absorbent because SiC14 reacts rapidly with water to 
form highly soluble HC1 and nonvolatile SO,. 

The scrubber system consists of two contact.devices in series: a jet scrubber for the initial 
stage and a packed tower for final cleanup. The jet scrubber was selected as the primary con- 
tactor because it has no moving parts or complex intemals that might be corroded by the acid 
or plugged by the sticky silica gel formed. The second stage is a packed tower designed to 
absorb traces of HCl or SiCl, that escape the jet scrubber. It is packed with an open, low- 
pressure drop packing made up of polypropylene loops, called Spiral Pac. The overall sys- 
tem is designed to handle 3,0004,000 acfm of inlet gas and provide an HCl removal effi- 
ciency of 99.9%. 

A jet scrubber installation used for the absorption of HC1 vapor from exhaust gas in a 
small chemical company is shown in Figure 6-20. The system consists of three small jet 
scrubbers operating in parallel. The scrubbers discharge into individual separator tanks and 
the product gas flows out through the manifold and vertical pipe in the left foreground of the 
picture. 

Hydrochloric acid is extremely corrosive to most metals, and great care must be exercised 
in the choice of construction materials. Special alloys such as Durichlor, the Chlorimets, and 
the Hastelloys are suitable for hydrochloric acid solutions under some conditions. Pure tanta- 
lum is inert to hydrochloric acid at all concentrations and at temperatures up to 350°F. 
Among the suitable nonmetals are fiberglass-reinforced plastic, acidproof brick, chemical 
stoneware, chemical porcelain, glass, glass-lined steel, rubber (natural and synthetic for low- 
temperature service), plastics (vinyl chloride, polyethylene, polystyrene, filled phenolics, and 
fluorocarbons), and various forms of carbon. Carbon and graphite have found extensive use 
in the handling of wet or dry hydrogen chloride at temperatures up to about 750°F. Karbate, 
a resin-impregnated carbon or graphite material, is widely used for heat-transfer and absorp- 
tion equipment. 

The need for the removal of chlorine from gas streams occurs most frequently as a gas- 
purification problem in connection with the manufacture, liquefaction, transfer, and storage 
of elemental chlorine. The problem also occurs to some extent as a result of magnesium 
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Figure 6-20. Jet Venturi scrubber system for removing HCI vapor from exhaust gas. 
CroII-Reynolds Co., Inc. 

chloride electrolysis, hydrocarbon chlorination, and other chlorine-producing or -consuming 
operations. 

The principal source of chlorine-containing gas in caustic-chlorine plants is the liquefac- 
tion step where noncondensables are vented from chlorine condensers as “sniff’ gas contain- 
ing 30 to 40% chlorine by weight. Dilute gas may be collected at other points in the opera- 
tion; this gas also requires purification before it can be vented to the atmosphere. A number 
of processes have been developed to recover the chlorine from the vent-gas streams, includ- 
ing its use for the manufacture of bleach. Where the demand for bleach does not justify this 
operation, a regenerative recovery system is necessary, and one of the simplest of these 
involves absorption in water. The absorption of chlorine gas in water is also an important 
step in the manufacture of certain types of wood pulp. In this application, the process is 
intended primarily to provide a source of concentrated bleaching solution; however, design 
data which have been obtained for the absorption step are equally applicable to gas-purifica- 
tion or chlorine-recovery operations. 

A schematic diagram of the water-absorption process for recovering chlorine from caustic- 
chlorine process “sniff’ gas developed by the Hooker Electrochemical Company (Anon., 
1957) is shown in Figure 6-21. In this process, chlorine-containing noncondensable gas from 
the liquefaction stage of chlorine manufacture is scrubbed countercurrently with water in a 
packed absorber. The resulting chlorine-free gas can be vented to the atmosphere, and the 
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Figure 6-21. Simplified diagram of water-absorption process for removing chlorine 
from waste gases of electrolytic caustic chlorine plants. Hooker €/echochemical 
Company process (Anon., 1957) 

aqueous chlorine solution is used to cool impure chlorine from the electrolytic cell by direct 
contact in a second packed tower. Chlorine remaining in the water after contact with the hot- 
cell gas is removed by steam stripping in the lower portion of the same tower, and the stripped 
water is discarded. 

For cases where very small quantities of chlorine are present and essentially complete 
removal is required, it is common practice to use a dilute solution of sodium hydroxide as 
the scrubbing agent. The caustic increases the rate of absorption and decreases the vapor 
pressure of chlorine over the solution; both effects contribute to improved chlorine removal 
efficiency. 

Solubility Data 

Solubility data for the chlorine-water system have been published by Whitney and Vivian 
(1941). These authors point out that the two-phase system may be visualized as consisting of 
chlorine gas at such a partial pressure that it is in equilibrium with molecular chlorine in the 
solution-a relationship which can be assumed to follow Henry’s law. In addition, the dis- 
solved molecular chlorine will be in equilibrium with hypochlorous acid and hydrogen and 
chloride ions in the solution in accordance with the following reaction: 

Cl,,,, + HzO = HOC1 + H+ + C1- (6-13) 
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For the case of chlorine in pure water, the total dissolved chlorine can be expressed as 

113 
(6 - 14: 

Where: C = total concentration of chlorine in water, lb molesku ft 
p = partial pressure of chlorine vapor over the solution, atm 

K, = Equilibrium constant for reaction of dissolved chlorine and water given above 
H’ = Henry’s law coefficient for equilibrium between gaseous chlorine and dis- 

solved but unreacted chlorine in water (ahn)(cu ft)/lb mole 

Values for the equilibrium and Henry’s law constants given by Vivian and Whitney 
(1 947) are presented in Table 6-20. 

Table 6-20 
Henry’s Law and Reaction Equilibrium Constants for Chlorine in Water 

Temperature, O F  H’, (atm)(cu ft)/lb mole &,Ob moIes/cu ft)2 
50 141 7.10 x lCr7 

68 213 10.7 x l t 7  
59 171 8.55 x 10-7 

77 256 12.8 x 10-7 
Source: Data of Vivian and Whimey (1947) 

Absorption Coefficients 

An extensive investigation of the absorption of chlorine by water in packed columns was 
made by Vivian and Whitney (1947), who confirmed earlier findings (Adams and Edmunds, 
1937; Whitney and Vivian, 1940) that the absorption coefficients for this system are much 
lower than would be predicted from liquid-film correlations. Vivian and Whitney proposed 
an explanation of the low coefficients based on the relative rates of hydrolysis and of diffu- 
sion and suggested the use of a pseudocoefficient using an unhydrolyzed-chlorine driving 
force for correlation of absorption data for this system. 

The normal overall liquid-film absorption coefficient KLa was found to increase with liq- 
uid rate in accordance with the relationship KLa = Lo.6. This exponent is somewhat lower 
than the value observed by Sherwood and HolIoway (1940) for other sparingly soluble gases. 
Gas-flow rate was found to have no appreciable effect on the value of the coefficient over a 
tenfold range of gas rates-further confirming the liquid-film-controlled nature of the 
absorption. 

The normal overall absorption coefficient was found to increase with increased tempera- 
ture. The data plotted as a straight line on semilog coordinates indicated a relationship of the 
following form: 

KLa = ment (6-15) 
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With t in "F, n was found to have the value 0.0115. As an alternate correlation, Vivian and 
Whitney noted that the absorption coefficient is approximately proportional to the sixth 
power of the absolute temperature over the relatively narrow range studied (35" to 90°F). 

Vivian and Whitney obtained data in two towers (4411. and 14-in. ID). However, for con- 
venience of operation, the major portion of the runs was made in the 4-in. column. The 
results for both towers are correlated for a single typical temperature in Figure 6-22. The 4- 
in. tower was packed to a height of 2 ft  with 1-in. tile raschig rings while the 14-in. tower 
was packed to a height of 4 ft  with similar rings. As can be seen, the towers show different 
performance characteristics when calculated as normal overall liquid-film coefficients, but 
this difference disappears when pseudocoefficients are used. The pseudocoefficient values 
are observed to be closer to predicted liquid-film coefficients (based on the oxygen-water 

L=LB/(HA)(SO FT) 

Figure 6-22. Effect of liquid-flow rate on h a  and HOL for chlorine absorption in water. 
Data of Vivian and Whitney (1947) 
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system) at high liquid rates, while the normal overall coefficients are closer to predicted val- 
ues at very low liquid rates. This is explained on the basis of the relatively slow chemical 
reaction between chlorine and water. At low liquid rates (and, therefore, low absorption 
rates) the reaction has time to proceed almost to equilibrium in the liquid film and a conven- 
tional coefficient applies. At high liquid rates, on the other hand, chlorine molecules are 
absorbed faster than they can react with water in the film zone so that an appreciable portion 
of the dissolved chlorine may penetrate into the body of the liquid in the molecular state. If 
this occurs, the driving force which is available to produce diffusion is the difference in mol- 
ecular-chlorine concentration between the interface and the body of the liquid rather than the 
difference in total chlorine concentration. 

The use of pseudocoefficients as proposed by Vivian and Whitney represents a procedure 
by which chlorine absorbers can be designed on the basis of liquid-film coefficients obtained 
with other systems. However, if actual chlorine-absorption data, such as those presented by 
Vivian and Whitney, are available for the desired packing, the normal liquid-film coeff- 
cients can probably be employed in the design of commercial equipment with reasonable 
assurance. 

Materials of Construction 
The chlorine-water system is both an acid and a strong oxidizing agent and, therefore, 

constitutes an extremely corrosive environment. Materials normally resistant to oxidizing 
conditions, such as stainless steels, may be attacked by aqueous C12 solutions because the 
oxidation products formed are soluble in water and cannot protect the underlying metal. Car- 
bon steel is rapidly attacked. However, rubber is resistant to the solutions at moderate tem- 
peratures so that rubber-lined steel equipment can be employed. Rubber-lined absorbers are 
used, for example, in the Hooker “sniff-gas chlorine-recovery process previously described 
(Anon, 1957). Ceramics and glass are unaffected by chlorine solutions so that glass pipe and 
stoneware packing are excellent construction materials for this system. Among the metals, 
the best resistance is shown by nickel, silver, tantalum, Chlorimet 3, and Durichlor. 
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Sulfur dioxide removal from flue gases has probably been the subject of more research 
than any other gas purification operation. This research had very little commercial impact 
until air pollution control regulations sparhd explosive growth in the number of installed 
Hue Gas Desulfurization (FGD) systems. Since the vast majority of SO2 emissions are from 
fossil fuel-fired boilers at power stations, these sources have been widely controlled. Exten- 
sive application of wet FGD occurred in the United States and Japan in the 1970s and in 
Germany and the rest of Europe in the 1980s. Partly due to a lack of understanding of funda- 
mental chemical reactions and their impacts on process and equipment design, early U.S. wet 
FGD systems earned a reputation for being troublesome and expensive to operate. As a 
result, the simpler and less expensive spray dryer FGD processes were rapidly adopted for 
the low sulfur coal applications that dominated the US. utility FGD market in the 1980s. 
Dry injection processes also emerged as a viable option for applications where removal 
requirements were modest. But, at the same time, the wet 1imestoneAime FGD technology 
matured. Many of the problems experienced with the early wet scrubbers were solved, and 
U.S. and overseas designs incorporated numerous advances. Present designs have close to 
100% reliability and high SOz removal efficiency (90 to 98%) (Saleem, 1991B). Recent 
installations incorporate many improvements, such as standardized designs, in situ oxidation, 
reduced or no outlet flue gas reheat, and single train absorber systems, resulting in lower cost 
and improved reliability. 

FGD process selection is usually based on securing the lowest life-cycle cost consistent 
with the least risk of failure to meet reliability and performance requirements. Processes that 
make marketable byproducts have been selected for those locations where byproduct dispos- 
al costs are high, where the law offers virtually no alternative (e.g., in Germany where gyp- 
sum is produced), or where there is a market for gypsum (e.g., in Japan, where there is no 
natural gypsum). The requirement for low risk has dictated the selection of simple processes 
that have undergone exhaustive development and that have progressed to commercial opera- 
tion through successively larger demonstrations and multiple full-size systems. This extreme 
conservatism, which is forced upon the power industry by its regulated nature, creates a 
tremendous obstacle to the introduction of new FGD technology. Nonetheless, the large 
potential market continues to lure process developers. The most successful of these have 
been the Japanese and German variations of the conventional wet limestoneflime technology. 
This chapter provides information to help in the selection and application of suitable FGD 
processes from the large number of possible alternatives. Consistent with this large number 
of alternatives is an enormous volume of published information, some of which is reviewed 
in this chapter. 

REQUIREMENTS FOR SOP REMOVAL 

One of the first precedents for establishing limits on sulfur dioxide discharge in terms of 
ground level concentration was set in connection with the operation of smelters in the Salt 
Lake district of Utah in 1920. This resulted in the imposition of a regime which limited the 
sulfur dioxide concentration to 1 ppm (for an hourly average) at the level of vegetation dur- 
ing the growing season (Katz and Cole, 1950; Swain, 1921). 

The Trail, Canada smelter of the Consolidated Smelting and Mining Company of Canada, 
Ltd., was the subject of a prolonged international investigation which resulted in the estab- 
lishment of an operating regime setting the maximum permissible discharge in terms of tons 
per hour under certain weather conditions and restricting sulfur dioxide emissions in terms of 
ground level concentration and duration (Dean and Swain, 1944). The first known instance 
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where sulfur dioxide removal was a legal requirement for the operation of a large power 
plant was at the Battersea Station of the London Power Company, which was constructed in 
1929 (Hewson et al., 1933). More recently, blanket restrictions in many areas have limited 
the quantities and concentrations of SO2 that can be emitted. 

Environmental regulations are the driving force behind the need for and selection of FGD 
systems and dictate many design criteria. For example, they limit the amounts of the pollu- 
tants which can be discharged to the atmosphere and to any waterway. They also place limits 
on the concentration of toxic metals and other chemicals in landfilled byproduct, which can 
significantly affect the FGD process selection. Landfill material characteristics, such as 
leachate composition, permeability, and compressive strength and the availability of a suit- 
able landfill site can also be important. Expected future regulations on traces of toxic sub- 
stances and fine particulate may also affect the selection of a sulfur dioxide removal process. 

Regulations are often written in terms of thermal megawatts consumed, MW,, because of 
the variations in plant efficiency. In a typical coal-fired power plant, the efficiency of con- 
verting heat to electricity is 33 to 35.546, making the net electric megawatts produced, MW,, 
approximately one-third of the thermal megawatts consumed. In co-generation plants, part of 
the steam produced can be used for purposes other than generating electricity, or electricity 
is generated by a gas turbine as well as a steam turbine with consequent higher heat utiliza- 
tion, causing the relationship between MW, and MWt to vary significantly. For comparative 
purposes, in a typical coal-fired power plant one MW, produces about 2,400 scfm (standard 
cubic feet per minute) of flue gas under normal operating conditions for many coals. Howev- 
er, the M W ,  equivalent volume can be 10% higher for some coals, such as those from the 
Powder River Basin. Actual gas volumes are affected by the boiler exit gas temperature, 
which typically ranges between 220°F and 350°F for many coal-fired plants, and the gas 
pressure, which varies due to the altitude of the plant and the fans in the gas system. 

E A  Coal Research’s FGD Handbook: Flue Gas Desulphurization Systems tabulates SOz 
emission standards, guidelines, and proposed regulations in 21 countries (Klingspor and 
Cope, 1987). Ellison (1993) also gives ranges of national emission standards for many coun- 
tries and SO2 emission ceilings/targets in the European Community for large existing com- 
bustion plants. 

United States Regulations 

In the United States, the Air Quality Act of 1967 required the establishment of air quality 
criteria for pollutants such as SO,, the monitoring of the pollution levels of all metropolitan 
areas, and the selection of air quality regions. It also required a report on the technology that 
could be used to control these pollutants. The Clean Air Act of 1970 dictated a revised s t r a t e  
gy with emphasis on attainment of the clean air standards by 1975 (Ehgdahl, 1973). The fail- 
ure of the Act to achieve its goals prompted its replacement by the Clean Air Act of 1977. 
Because of this law, some power plants that were both high S O ,  emitters and located in areas 
that failed to attain the air quality criteria for SO,  were retrofitted with FGD systems. All new 
power plants were required to reduce SOz emissions, which in this era meant FGD systems. 

The Clean Air Act Amendments of 1990 built upon the SOz control requirements of 1977 
by expanding the clean air provisions in the revised Title I, adding acid rain provisions, and 
capping SO2 emissions at 8.9 million tons of SOz in the new Title N. 

Both Titles I and IV affect new SOz-emitting facilities, but Title I is the primary regula- 
tion. It continues the requirement that new facilities meet a criterion called New Source Per- 
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formance Standards (NSPS). Refer to Table 7-1. With today’s emission controls, this stan- 
dard is considered to be relatively straightforward to meet, but even with low sulfur coal, 
uncontrolled emission of SO2 is not permitted. In SO2 attainment areas (areas where the 
ambient air quality standards are being met), new facilities must continue to go through the 
process called Prevention of Significant Deterioration (PSD). PSD does not involve a set 
level of emission or a set degree of reduction, but requires use of the Best Available Control 
Technology (BACT). A ‘Top Down” BACT analysis, in which the applicant must use the 
top (most effective) emission control system that cannot be shown to be technically, eco- 
nomically, or environmentally infeasible, is required. BACT is often more stringent than 
NSPS. In SO2 non-attainment areas, new facilities are allowed, but they must satisfy a 
requirement called Emission Offset Policy. This policy requires reducing emissions from one 

~ 

Table 7-1 
Federal New Source Performance Standards 

Affected 
Source Category Facilities Maximum Emissions 

Fossil-Fueled Steam 
Generators 

Coal- and Oil-Fired Boilers 

Sulfuric Acid plants Process Equipment 

Petroleum Refiners Refinery Process Equipment 
including waste-heat boilers 
and fuel gas combustors 

Primary Copper Smelters Roaster, Smelting Furnace 
Copper Converter 

Primary Zinc Smelters Roaster, Sintering Machine 
Primary Lead Smelters Sintering Machine, Dross 

Reverberam Furnace, Electric 

Solid Fuel: 

Liquid Fuel: 

2 kg S02/metric ton (mton) 
(4 lb SOz/ton HzSO4) and 
0.075 kg acid mist/mton H2SO4 
(0.15 lb acid midton HzS04) 

230 mg/dry std m3 

1.2 lb S02/106 Btu* 

0.8 g SOz/106 Btu 

Fuel gas max H2S: 

(0.10 graiddry std ft3) 
0.065% SO2 by V O ~  

0.065% SO2 by VOI 
0.065% SO2 by V O ~  

Smelting Furnace, and Converter 

oxidation or reduction 
with incineration excess air 
reduction without incineration 

Petroleum-Refinery Claus Plant 
Sulfur Recovery Plants 0.025% SOz by vol dry at 0% 

0.030% by vol reduced sulfur 
compounds dry at 0% excess 
air and 0.0010% by 
vol H2S dry at 0% excess air 

*Maximum emissions allowed vary with the sulfur content of the fuel and other factors, but in no event exceed 

Source: CFR (1990) 
1.2 lb/lo6 Btu. 
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or more existing facilities to offset all the new SO2 emissions, and using Lowest Achievable 
Emission Rate (LAER) technology to minimize the new emissions. Unlike BACT, LAER 
does not accept high cost as an argument against the use of a techuology. 

Title IV’s SO2 emissions cap means that all new S02-emitting facilities must purchase 
SOz emission allowances freed up by reduction of SO2 emissions at existing facilities. Thus, 
construction of a new facility may require SO2 emission controls at existing facilities that 
would not require them for any other reason. No matter how tightly emissions are controlled, 
an emission allowance must be obtained for every ton of SO2 emitted over the life of the 
facility. These allowances can be obtained from within the company, or from other sources. 
However, ultimately they are obtained only through emissions reductions at existing facili- 
ties. Market conditions in 1996 indicate that other provisions are forcing such rapid emission 
reductions that allowances are currently inexpensive. However, when developing a new SO2- 
emitting facility, allowances may create a financial incentive to reduce emissions even lower 
than Title IV would require. 

For existing facilities, the Title I PSD provision is not new, so it would be unusual for new 
measures to be required at a facility simply because it is located in a sulfur dioxide non- 
attainment area. Acid rain is an issue apart from breathable air quality, so it affects facilities 
although the air around them attains the clean air standard. Title IV requires Phase I units (a 
specific group of 261 units) to reduce SO2 emissions in two steps, with first step compliance 
by the Phase I date (January 1,1995), and second step compliance by the Phase 11 date (Jan- 
uary 1,2000). The structure of the law is such that the utilities can decide which uNts to con- 
trol, when, and by how much. The utilities can choose interim solutions of modest control 
such as coal switching or dry sorbent injection for all their units to meet the Phase I date, 
with more costly measures reserved to meet the Phase II date, or they can implement highly 
effective (and costly) measures on a few units in Phase I, and on the rest by the Phase Il date. 
There are incentives for early compliance. A larger group than the Phase I group, all other 
units 75 M W ,  and larger, called Phase Il units, must also comply by the Phase 11 date. Howev- 
er, these units should be able to comply with relatively low-cost methods. 

In general, the U.S. federal regulations do not require any particular technology, and it is 
very difficult to generalize about allowable emission levels or required percent reduction 
from uncontrolled emission levels. While state and local regulations generally reiterate the 
federal requirements, these agencies do have the regulatory option to impose more stringent 
emission limits. Few areas, however, actually implement tighter requirements. 

Japanese Regulations 

Japan began regulation of SO2 emissions with the Air Pollution Control Law in 1968. 
Japanese law began differently than U.S. law, setting emission limits for each plant, rather 
than air quality objectives for every area. This was amended in 1970, but it failed to deal 
with heavily industrialized areas. In 1974, a further amendment initiated the concept of regu- 
lation to achieve air quality in each area, similar to the U.S. approach in Title I. 

Japanese limits vary with the region and the stack height and are in terms of cubic meters 
of SO2 per hour. The permissible SO2 emissions vary between about the equivalent of 8 
ppmv and 190 ppmv. Early FGD system were usually installed on units that burned high- 
sulfur oil, but in the 1980s many new coal-fired units were equipped with FGD system. 
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European Regulations 
FGD in Europe began as local authorities in some German states required the retrofit of 

SO2 scrubbers to handle a podon of the flue gas from certain boilers that were particularly 
problematic. By 1983, some 14 units had been installed. The environmental movement built 
rapidly in Germany, and a law known as GFAVO passed in June 1983. It established the fed- 
eral limits shown in Table 7-2, and required compliance by June 1988. In spite of the feverish 
activity this schedule required, the industry responded and nearly all of the some 150 affected 
units complied on schedule. However, the cost and disruption it caused probably influenced 
the framers of the flexible, two-phase acid rain law enacted in the U.S. in November 1990. 
In Germany, state and local authorities continue to enforce stricter SO2 limits (200 

mg/Nm3 is common) where special problems exist. 
The European Community (EC) has enacted legislation that asks its members to adopt 

limits similar to the German GFAVO. FGD systems were installed rapidly in Austria, Den- 
mark, Holland, and Turkey. Italy and the U.K. followed shortly hereafter. Even before the 

Table 7-2 
German Federal SO2 Emission Regulations for Coal-Fired Units 

New Units 

Existing 
Units 

Fluidized Bed 
Combustion 

Pulverized Coal 
Firing or 
Stoker Firing 

Remaining Service 
Life over 30,000 
hours 
(approximately 4 
years base-loaded) 

Remaining Service 
Life 10.000 hours 
to 30,000 hours 
(1!4to4yearsbase- 
loaded) 

Remaining Service 
Life less than 
1O.OOO hours 

Units Larger 
Than300Mwt 
(Approx. 105 

MWh) 

400 mg/Nm3 (between 0.3 
and 0.8 lW106 Btu) and 
85% removal* 

units 100 Units 50 to 

400 mg/Nm3 (between 0.3 and 0.8 
lb/106 Btu) and 75% removal 

2,000 mg/Nm3 2,000 mg/ 
(between 1.5 and Nm3 (between 
3.9 lb/106 Btu) 1.5 and 3.9 1W 
and 60% removal lo6 Btu) and use 

low-sulfur coal 

2,500 mg/Nm3 
(between 1.9 and 4.8 lb/106 Btu) 

Existing Limits 

*Ifvery high SO, content or widely variable SO2 content indicates 400 mgh’d is unattainable with BACT, 650 mgNmi 

Source: Siegfried and Ludwig (1984) 
(0.5 to 1.3 MI06 Btu) applies. 
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dissolution of the Eastern Bloc and the Soviet Union, activity had begun there. The EC now 
sees scrubbing in Eastern Europe as much more cost-effective than further measures within 
member nations, so FGD systems are being installed in the Czech Republic, Slovenia, 
Poland, and Russia, generally with funds h m  Western governments and without any regula- 
tory requirements. A number of the Eastern European countries have enacted regulations 
with compliance scheduled in the late 1990s. 

Canadian Regulations 

In Canada, the Federal Ministry of the Environment has no specific SOz removal require- 
ments, but encourages the provinces to regulate SO2 emissions. Each province has applied 
its own approach, depending on the mix of emissions found there. For example, most of 
Ontario’s emissions are from power plants that belong to provincially-owned Ontario 
Hydro, so the province prepared a plan specific to that utility. British Columbia has very lit- 
tle pollution from power plants, so it targets industrial sources. The differences in approach 
even extend to the means of measurement, where some provinces choose the European 
method (mg/Nm3) while others choose the U.S. method (lb/106 Btu). The Canadian attitude 
is also unusual, evidenced by a greater spirit of cooperation between the regulatory agencies 
and industry and by industry’s seeming willingness to comply early andlor beyond the letter 
of the regulations. 

Regulatory Benefits 

Sulfur dioxide emissions in the United States in 1975 were officially estimated at 33 mil- 
lion tons per year. The goal of the Clean Air Act Amendments of 1977 was to reduce that to 
28 million tons per year by 1990 (Bauman and Crenshaw, 1977). However, low growth in 
electrical demand, coupled with aggressive state programs and significant reductions in 
industrial emissions, brought the total to 18.9 million tons by 1990. The goal of the Clean 
Air Act Amendments of 1990 is to achieve 8.9 million tons per year total emissions by 2001 
(Public Law 101-549,1990). 

FORMATION OF SULFUR DIOXIDE AND SULFUR TRIOXIDE 
FROM COMBUSTION OF FUEL 

Sulfur Dioxide 

Flue gases from combustion processes normally contain less than 0.5 vol % sulfur diox- 
ide. The relationship between the sulfur content of the fuel and the sulfur dioxide content of 
the resulting flue gas is shown in Table 7-3. This table gives the sulfur dioxide content of 
combustion gases from several typical fuels. 
Stack gas from smelters handling sulfur ores, on the other hand, can have very high sulfur 

dioxide concentrations. Therefore, the economics of recovering sulfur values from such 
gases can be much more favorable. Of course, the problems of discharging such gases with- 
out sulfur dioxide removal are also much more acute. 



Sulfur Dioxide Removal 475 

Table 7-3 
Sulfur Dioxide Concentrations in Typical Combustion Flue Gases’ 

Fuel 

Coal: Missouri Beever 

Coal: IUinois No. 6 
Coal: Pennsylvania 
Coal: New Mexican 
Coal: Powder River 

Oil: California No. 2 
Oil: Low Sulfur No. 6 
Notes: 

(Raw) 

Basin 

Sulfur 
in 

Fuel, 
w t %  

5.9 
3.5 
1.7 
0.5 

0.35 
0.27 
0.21 

With Excess Ai 
H20in SOzin SOzin 
Flue Flue Flue 
Gas, Gas, Gas, 

~019% ppmw ppmv 

9.5 10,972 5,059 
9.5 6,507 2,997 
8.0 2,671 1,236 
8.4 830 383 

13.3 818 371 
12.2 307 138 
11.9 234 105 

With Air Heater Leakage 
H20in SO2h SO2h 
Flue Flue Flue 
Gas, Gas, Gas, 

vol% ppmw ppmv 

8.5 9,541 4,381 
8.5 5,658 2,596 
7.2 2,323 1,070 
7.5 722 332 

11.8 711 322 
10.8 267 120 
10.6 203 91 

1. These SO, concentrations assume no sulfur in the ash and no conversion of SO2 to SO, In the U.S., credit for 
coal cleaning is allowerl, but seldom practiced 

2. Gar concentrations are based on 20% m e s s  air for coal and on 15 and 18% excess air, respectively, for No. 2 
and No. 6 oil. Air heater leakage is 15% for all cases. Air heater leakage (%) = (lb wet air leakage X I OO%)/(lb 
wet$@ gas) per American Society of Mechanical Engineers (ASME) Power Test Code (PTC) 4.1. 

removal of the sulfur bearing compoundsfrom the gas prior to sale and are not included in this table for that 
reason. 

3. SO, concentrations in flue gases from the combustion of natural gas are typically extremely low due to the 

4. Gas concenirations are usually expressed in terms ofppmv by conventioK 

Many large smelting operations that produce very high concentrations of sulfur dioxide feed 
the gas stream directly into a sulfuric acid plant. The design and operation of acid plants of this 
type are not discussed in this text, as they are considered to represent a separation and chemical 
manufacturing operation, not a gas purification process. On the other hand, the removal of sulfur 
dioxide from dilute smelter off-gas streams and the recovery of unconverted sulfur dioxide from 
the acid plant tail gas constitutes gas purificaton problems and are reviewed in this chapter. 

Sulfur Trioxide 

Most combustion gases that contain sulfur dioxide also contain a small, but significant 
amount of sulfur trioxide (or its reaction product with water, sulfuric acid). This component 
is of considerable importance because of its highly corrosive nature, its effect on the chem- 
istry of many sulfur dioxide recovery processes, and its suspected critical role in air pollution 
problems. The amount of sulfur trioxide emitted to the atmosphere is a function of combus- 
tion aidfuel ratio, fuel composition, combustion temperature, time at temperature, the pres- 
ence or absence of a catalyst, electrostatic precipitator conditioning with ammonia, and the 



476 Gas Purijication 

type of flue gas desulfurization system. The equilibrium concentrations of the principal sul- 
fur species in the combustion gas from a typical fuel oil at several airfiel ratios have been 
calculated by Pebler (1974). The results show that in excess air mixtures at eq~~%brium, SO, 
is the most stable compound above 1,00O"K, SO3 is the predominant sulfur compound 
between 900 and 600°K; while, on further cooling, H$04 gains dominance over SO3 

Sulfuric acid condenses below 400°K. Fortunately, equilibrium conditions are not attained 
in conventional combustion processes. However, the presence of catalytically active materi- 
al, such as vanadium in oil and iron pyrites in coal, can increase SO3 formation. In the 
absence of actual analytical data for specific cases, a rough estimate of the SO3 concentration 
expected in combustion gases from coal and oil may be obtained from Table 7-4, which pre- 
sents data compiled by fierce (1977). 

The sulfuric acid dew point of combustion gases, which is the key parameter with regard 
to stack corrosion, has been studied by a number of investigators. The available data have 
been reviewed and correlated by Pierce (1977), who presented the results in graphical form. 
Selected points from his correlations are given in Table 7-5. Tables 7-4 and 7-5 can be used 
to estimate the sulfuric acid dew point of typical combustion gases in the absence of any 
other data. Flue gases should be kept above the estimated dew point to prevent corrosion of 
metals (e.g., carbon steel) by sulfuric acid Mixtures of acids with higher dew point tempera- 
tures may amdense; however, only limited information is available on the phenomena Berg- 
er et al. (1984) review the m s i v i t y  of various flue gas condensates. For the cases studied, 
sulfate was the predominant anion contributor to the acidity of the condensate, while chlo- 
rides and fluorides contributed to a lesser extent. 

PROCESS CATEGORIES AND ECONOMICS 

A great many processes have been proposed for removing sulfur dioxide from gas sbreams. 
Relatively few processes have attained commercial status; and, of those that have, many have 
not found a significant place in the U.S. market. In the U.S., only the limestoneAime wet FGD 
systems, predominantly with spray, tray, or packed tower absorbers; and the lime spray dryer 
systems are widely accepted today. Users have opted for low cost, proven systems that oper- 
ate with high availability (Schwieger and Haynes, 1985). Today, the FGD impact on utility 
system equivalent forced outage rates is usually less than 1% (NEW, 1991). The reliance of 
utility companies on extremely mature technologies makes it difficult for suppliers of new 
technologies to bid on scrubber contracts (McGraw-Hill, 1991). 

Although the primary emphasis of this text is on commercial processes, other processes 
can provide valuable background data pertaining to the development of new improved 
processes. For this reason, some developing processes that appear to have the potential for 
future commercialization are presented. Also, some processes that are no longer considered 
viable, but once represented major developmental efforts or commercial operations, are 
reviewed. With the new legislation mandating control of NO, from many sources, there is a 
renewed interest in combined S02/N0, technologies by both developers and users due to the 
potential cost savings. The NO, control aspects of a number of these processes are covered 
briefly in this chapter. More information on some of these processes and NO, only control 
processes is provided in Chapter 10. 

To organize the many FGD processes that have been developed, the authors have departed 
from the categorization as either regenerable or non-legenerable commonly used by many, 
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Water Vapor 
in Gas 
vol% 

Table 7-4 
Estimate of Sulfur Trioxide in Combustion Gases 

Acid Dew Point "C ("F') for Sulfur Trioxide Concentrations of: 
0.5 1 5 10 25 100 500 

ppmv ppmv ppmv ppmv ppmv ppmv ppmv 

Excess 
Air 

Fuel w t %  

6 
10 
14 

HZO 
in Gas, 
vol % 

104 (219) 110 (230) 125 (258) 132 (270) 142 (288) 157 (315) 177 (350) 
110 (229) 116 (240) 131 (267) 137 (279) 147 (296) 162 (323) 180 (357) 
114 (236) 120 (247) 134 (274) 141 (286) 150 (302) 165 (328) 183 (361) 

~~~ ~~ 

Coal 25 
Oil 25 
Oil 17 
Oil 11 
Oil 5 

8-13 
11 
12 
13 
13 

Sulfur T.rioxide Expected in 
Gas, ppmv, with Fuel Sulfur Content of: 

0.5 1.0 2.0 3.0 4.0 5.0 
wt% wt% wtz w t %  wt% w t %  

3-7 7-14 14-28 20-40 27-54 33-66 
12 15 18 22 26 30 
10 13 15 19 22 25 
6 7 8 10 12 14 
2 3 3 4 5 6 

I Source: Pierce (1977) except for H 2 0  in gas, which are calculated values for typicalfuel compositions I 

e.g., by IEA Coal Research in FGD Handbook: Flue Gas Desulphurization Systems 
(Klingspor and Cope, 1987). Here, FGD processes are categorized based on the initial SOz 
removal step, which reveals the greatest commonality among the processes. A detailed cate- 
gorization of FGD processes following this procedure is given in Figures 7-la and 7-lb. 
Specific sulfur dioxide removal processes are described in the subsequent sections of this 
chapter, which generally follows the sequence of Figures 7-la and 7-lb. 

Table 7-6 provides a comprehensive list of FGD processes identified by name (or develop 
er) and categorized in accordance with the methodology of Figures 7-la and 7-lb. The table 
includes commercially important processes as well as processes that have been abandoned or 
not yet fully developed. Data are also given on the U.S. supplier and status of maturity of each 
process. Table 7-7 provides similar information on FGD byproduct treatment processes. 

Not all process types indicated in Figures 7-la and 7-lb are represented by commercial 
processes. In fact, a list of U.S. power plant FGD systems operational, under construction, or 
planned as of December 1987, includes only 11 different processes (See Table 7-8). 
Between 1977 and 1983, the number of operating plants increased from 29 to 114, while the 
number of processes employed increased by only one (Pedco, 1977; Laseke et al., 1983). 
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General Categories Intermediate Step Final Product 

a. F d O x l d s t i o n  c.lduAsu~ 
1 

Removal Agent 

Figure 7-1 a. Categorization of wet sulfur dioxide removal processes. 
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1 .  Carbon 

E. Adewption 

General Categories Removal Agent Intermediate Steps Final Product 

Reduction 

b. Oxiddon- 

I c ClldumSdm 1. Lirnellimestone . None 

2. Non-Redw . aThamsl 
r Sullur D M d .  

AdSOrkntc Regenerstion > 

> SulfuricAfld 

> Anrnoniurnsuulhg 

L Abeorplion 

b. R d o n  
A. W i n  

IV. GaePhase 
Conversion * 

> Sllhrr 

Sulfur 

1. Electmchemical a.SulhK 

2. CatslVGc . a. HpS 
b. Re&clion Rodetion to S Vaporizdon 

ReducliontoH2S Conversion 

Figure 7-1 b. Categorization of dry sulfur dioxide removal processes. 

Between 1983 and 1987, the number of operating plants increased from 114 to 149, and the 
number of processes increased by two (PEI Associates, 1989B). In mid-1977, Japan had 
almost 1,OOO operational FGD plants utilizing about 15 basically different types of processes 
(Ando, 1977). However, the growth of FGD capacity in Japan was slow after 1977 (37 plants 
were built in the 1978-83 time period), and virtually no plants involving processes other 
than limestoneflime were built (Ando, 1983). A comprehensive evaluation and status report 
covering 189 flue gas desulfurization processes and 24 subsystems with regard to their 
applicability to power plants has been published by the Electric Power Research Institute 
(EPRI) (Behrens et al., 1984). 

(text continued on page 489) 
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Table 7-6 
FGD Process Suppliers 

The process categories and process category numbers in this table correspond to those of Figures 
7-la and 7-lb. 

This list has been prepared as a preliminary guide to the reader. The large number of developers 
and suppliers makes it impossible to be completely accurate, and the constant flux in the market- 
place will assure that the list is promptly out of date. The reader is advised to use registers and regu- 
larly published lists of pollution control equipment suppliers (such as published by some trade mag- 
azines) and to consult suppliers for more accurate information. 

The ownershipkcense status of the processes listed varies widely. Some of the processes are not 
considered proprietary in which case the listed suppliers have the expertise, experience, andor will- 
ingness to offer the process commercially. Before proceeding with a project, the reader should ascer- 
tain the ownership status of the desired process. U.S. suppliers have been identified where known. 

Key to Status 
D Developmental S Development Apparently Stopped 
C Commercial U Unknown 
I Commercialized, but Apparently Inactive 

Process Categories and Processes 
ABSORPTION IN LIQUIDS 
IAla Limegtonenhe with F o r d  Oxidation 

ABB Environmental Systems 

AirPol AirPol 
Babcock & Wilcox 
Bechtel (Pressure Hydrated Dolomite) Bechtel 

U.S. Supplier 

(C-E, Peabody) ABB Envir. Systems 

Babcock & Wilcox 

Bischoff JOY 
chiyoda CT-121 chiyodahtemtional 
Chuba-MKK 
Clean Gas Systems 
Deutsche Babcock Riley Environmental 
GEESI (Chemico based) GEESI 
Kawasaki (Liiestone to Gypsum) 
Kawasaki (Mg enhanced) 
Kobe Steel Kobelw (CaCl) (also part of 

Mitsubishi -Air 
Mitsui (Chemico based) 
Nippon Kokan (NKK) 
Nippon Steel (slag sorbent) 
NoelllKRC Research-Cotbrell 
Procedair ProCedair 
RJey/Saarberg-Holter (S-H-U) 

(limdclear solution) NaTec 

Clean Gas Systems 

Mayemick & Associates 

Cal-NO;) 

status 

C 
C 
C 
C 
C 
C 
S 
C 
C 
C 
C 
C 

I 
C 
C 
C 
U 
C 
C 

I 
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Table 7-6 (Continued) 
FGD Process Suppliers 

Process Categories and Processes U.S. Supplier status 
ABSORPTION IN LIQUIDS (Continued) 

Saarberg-Holter (S-H-U) (limestone/ 

Showa-Denko 
Steinmuller (Chemico based) 
Sumitomo-Fujikasui (Mo~tana) 

Thioclear [to gypsum & Mg(0H)d 
Thyssen 
Ube 

formic acid) NaTec 

(CIOz for NO,) 
Dravo 

IAlb Limestonenime with Inhibited oxidation' 
ABB Environmental System (C-E, Peabody) ABB Envir. Systems 
Babcock & Wilcox Babcock & Wilcox 
RileyDeutsche Babcock Riley Environmental 
GEESI GEES1 
Research-Cottrell Research-Cottrell 
Thiosorbic h v o  
UOP Wheelabrator 

IAlc Limestone/Lime with Natural Oxidation1 
ABB Environmental Systems (C-E, Peabody) 
AirPol AuPol 
American Air Filter 
Anderson 2000 Anderson ZOO0 

Babcock & Wilcox 
RileyDeutsche Babcock Riley Environmental 
GEESI (Chemico) GEESI 
Lewis Rotary Drum Dravo 
Mitsubishi PureAir 
Nippon Kokan (NKK) 
hceda i r  Procedair 
Research-Cottrell Research-Cottrell 
Thiosorbic Dravo 
Thioclear [Gypsum & Mg(OH)21 Dravo 
Thyssen (CEA) 
UOP Wheelabrator 
Weir (Magnesium-enhanced) Kellogg 

ABB Envir. Systems 

Bischoff JOY 
Babcock & Wilcox 

IA2 Alkaline Fly Ash Slurry 
ABB Environmental Systems (Peabody) 
Bechtel Bechtel 
C W A D L  
Simmering-Graz-Pauker AG (Vienna) 

ABB Environmental 

'Produces sludge that may require treatment for disposal. 

C 
I 
C 

D 
D 
C 
C 

C 
C 
C 
C 
C 
C 
C 

C 
C 
I 
C 
C 
C 
I 
C 
I 
C 
U 
C 
C 
C 
D 
I 
C 
I 

C 
C 
I 
C 
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Table 7 6  (Continued) 
FGD Process Suppliers 

Process Categories and Processes U.S. Supplier Status 

ABSORFITON IN LIQUIDS (Continued) 
IA3a MagnesiumOxid$ 

Bischoff (Acid Stripping and Thermal 
Regeneration) 

Clean Gas Systems 
GEESI (Chemico) (Thermal Regeneration) GEESI 
Grill0 (Thermal Regeneration) 
Kawasaki Magnesium Hydroxide to 

Magnesium Hydroxide Process @lFP) 

Mitsui Mining (Thermal Regeneration) 
Onahama-Tsukishima (Thermal Regeneration) 
Raytheon (formerly United Engineers and 

Ube Magnesium Hydroxide to MgS04 

Clean Gas Systems 

MgS04 Discharge 

to MgSO4 w 

Constructors) mermal Regeneration) Raytheon 

Discharge 

IBla Sodium CarbonatelSodium Hydroxide 
ABB Envimnmental ABB Environmental 
Arthur D. Little (ex-CEAIADL) Arthur D. Little 

Anderson 2000 Anderson 2000 
Clean Gas Systems 
MI-TCA 
Kawasaki 
Kurabo 
Kureha 
Oji 
Ontario Hydro o' Ontario Hydro 
ProCedair Procedair 

AirPol Airpol 

Clean Gas Systems 

Showa Denko 
Ts~kishim-Btichco 
UOP Whelabrator 

IBlb Sodium/PotasSmm Salt with Oxidation 
Passamaquoddy Recovery Scrubber Passamaquoddy 
Sumitomo-Fujikasui (Mmtana) (CIOz for NO3 

Arthur D. Little (ex-CEA/ADL) (lime) Arthur D. Little 
Arthur D. Little (ex-CEAIADL) (limestone) Arthur D. Little 
AirPol AirPol 
Anderson 2000 ( h e )  Anderson 2ooo 
Asahi (limestondoxidatiox& chelate far NO,) 
Buell (lime) GEESI 

'Licerued for industrial applications to Advanced Air Technology. 
ZSepamte process converts SOz to sulfur or acid. 

IBle Sodium Salt with Lime. or Limestone Double Alkali 

C 
C 
I 
I 

C 

C 
U 
U 

C 

C 

C 
C 
C 
C 
C 
U 
C 
I 
U 
U 
I 
C 
U 
I 
I 

C 
C 

C 
S 
C 
C 
D 
I 
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Table 7-6 (Continued) 
FGD Process Suppliers 

Process Categories and Processes U.S. Supplier Status 
~ ~ ~ 

ABSORPTION IN LIQUIDS (Continued) 

Kawasaki 
Kureha (sodium acetatdme) 
Kureha-Kawasaki (limestondoxidation) 
Ontario Hydro (FMC) (lime)' 
Ontario Hydro (avrC) (limestone)' 
Showa Denko-Ebara (limestondoxidation) 
Tsukishima (Iimestondoxidation) 
Zurn (he) ZUrn 

Sodiuxn Salt with ThennaI Regenerationz 
Aquaclaus Phosphate (sodium phosphate) Stauffer 
ELSORB (sodium phosphate) Elsorb 
Tung (organic extraction) 
Wellman-Lord (sodium carbonate) 

Ontario Hydro 
Ontario Hydro 

IBld 

Raycon R & D 
John Brown (Davy) 

IBle Sodium Salt with Eleetrolytir/Electrodialysis Regeneration' 
IONICS Ionics 
SOXAL (AllidAquatech) Allied 

IBlf S d n m  Salt with Zinc Oxide Regeneration' 
Zinc Oxide (soda/zinc oxide) 

IBlg Citrate with Reduction 
Fli-Boliden (sodium citrate) ABBFliikt 
U.S. Bureau of Mines (sodium citrate) 
US. Bureau of Mines (potassium citrate) 

Stauffer 
pfizer 

ICla Ammonia with Thermal Regeneration' 
Cominco Exorption cominco 
IFP/Stackpol 150 
Simon-Carves 

IClb Ammonia with Acid Stripping' 
ABS TVA 
Cominco Ozin 

IClc Ammonia/Ammouium Sulfate, Sulfite & Thiosulfate 
ATS Technology Coastal Chem, Inc. 
GEES1 GEES1 
Nippon Kokan (NKK) 
NONOX (multiple byproducts) Intelligent Resources 
Tampella (sulfite liquor) 
ube 
Wdther 

ICld Ammonia, Lime Double Alkali 
Kurabo 
Nippon Kokan (NKK) 
SCRA 

U 
I 
C 
1 
S 
U 
U 

I 
D 
D 
C 

S 
D 

D 

I 
I 
S 

I 
S 
S 

S 
C 

C 
D 
C 
D 
C 
I 
C 

S 
D 
S 

'Separate process converts SO, to sulfur or acid. 



Table 7-6 (Continued) 
FGD Process Suppliers 

Process Categories and Processes U.S. Supplier Status 

ABSORPTION IN LIQUIDS (Continued) 

IC2 Ammonia, Calcium Pyrophosphate 
Pircon-Peck (a) 

IDla Aluminum Sulfatenme or Limestone Double Alkali 
Dowa 
IC1 Steam Stripping 

Ferrous Sulfide with Thermal Regenemtion 
SUE-x PENSYS 

IEla 

IFla Sulfuric Add with Gypsum Byproduct 
Chiyoda CT-101 (CT-102 uses same 

Showa Denko 
SO2 section) 

IF2a Bromine with Sulfuric Acid C Hydrogen Byproducts 
ISPRA FerlinilGeneral Atomics 

IF3a Hydrogen Peroxide to Sulfuric Add 

IGla Amine with Thermal Regeneration1 

Noell KRC Noell 

Asarco Asarco 
Cansolv (Union Carbide Canada) 
Dow Dow 
Lurgi Sulphidine 
NOSOX (Ethanolamine Glutarate) Monsanto 
TVA (melamine) 
UCAFJ UOP 

Union Carbide 

D 

I 
I 

U 

I 
U 

D 

D 

Mla Seawater 
Fl;ikt-Hydro 
Bechtel 
Bischoff 

IIla Physical Solvent 
Linde 

Wla MoltenSalts 
Rockwell 

ABB 
Bechtel 
JOY 

C 
D 
D 

Lotepro C 

ABB FliIkt S 

SPRAY DRYER (Spy Dryer and Duct Spray Dryer) 

IIAla Soda to Sodium SuIfitdSulfate 
Aqueous Carbonate Open-Loop (rotary 

or nozzle) ABB I 
Babcock & Wilcox (nozzle) Babcock & Wilcox D 

'Separate process converts SO, to sulfur or acid. 
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~ ~~ ~~~ 

Table 7-6 (Continued) 
FGD Process Suppliets 

Process Categories and Processes U.S. Supplier status 
SPRAY DRYER (Spray Dryer and Duct Spray Dryer) (Continued) 

Koch 

Teller (nozzle) Research-Cottrell 

Soda with Molten Carbonate Reduction to H a 1  

Nim Atomizer (rotary) JOY 

IIAlb 
Aqueous Carbonate Closed-Loop 

IIA2 Lime to Calcium SdfItdSulfate 
Spray Dryer 

ABB (FEikt, Rockwell, Carborundum, C-E) 

Babcock & Wilcox (nozzle) 
BuelVAnhydro (rotary) 
JoyEcolaire (rotary or nozzle) 
LodgeCottrell (low-speed rotary) 
Procedair 
Nim Atomizer (rotary) 
Research-CottreWKomline-Sanderson (rotary) 
Wheelabrator (rotary or nozzle) 

Duct Spray Dryer 
CZD 
ESO, 
HALT (Hydrate Add'n @ Low Temp) 
W A S  
In-Duct 

Air Pol GSA 

(rotary) 

Gas Suspension Absorption 

ABB 

ABB 
Babcock & Wilcox 
GEESI 
JOY 
Lodge-Cottrell 

JOY 
Research-Cottrell 
Wheelabrator 

Bechtel 
Babcock & WilcoxEPA 
Dravo Lime, U.S. DOE 
EPRl 
GEESI 

Airpol 

C 
I 
C 

I 

C 
C 
I 
C 
C 
C 
C 
C 

D 
D 
D 
U 
D 

C 

DRY SORPTION 
IIIAl Dry Liimenimestone 

Furnace Sorbent Injection (FSI), LimeLhnestone Injection with Multiple Burners 
(LIMB), Lime Injection and Hydrated L i e  Injection in Upper Furnace @I) 

ABB C-E ABB C 
ARA (with ash reactivation for precipitator) D 
Babcock & Wilcox Babcock & Wilcox C 
Babcock-Hitachi Babcock & Wilcox D 
DISCUS (Inland Steel) Research-Cottrell C 
Fossil Energy Research Corp. (lime and urea) D 
R-SOx (LI) Electric Power Services D 

'Sepamte process converts H2S to su&r or acid 
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Table 1-6 (Continued) 
FGD Process Suppliers 

Process Categories and Processes U.S. Supplier Status 
DRY SORPTION (Continued) 

LIFAC (Tampella) 
Ontario Hydro 
hmeichische Draukraftwerke 
PromiSox/Intevep 
RileylResearch-CottreU (lime and sodium 

bicarbonate) 
Sonox (Ontario Hydro R&D) 
Steinmiiller (with polisher) 
TAV Trocken (LIMB & LI) 

Economizer Injection 
E1 (Economizer Injection) 

Duct Injection 
ADVACATE (silicate enhanced) 
Babcock & Wilcox 

Babcock-Hitachi 
Coolside 
LILAC 
Synergistic Reactor 

Babcock-Hitachi 
Lin (catalytic SO3) 
Lurgi CFB 
Procedair 
WUlff 

(also part Of SOX-NOx-ROX-BOX) 

Fluidized Bed 

UIA2 Dry Soda (Duct Injetion) 

Kaiser 
Ontario Hydro 

Energy & Envir Rsch 

Research Cottrell 

Research-Cottrell 

ABB Fliikt 

Babcock & Wilcox 
Babcock & Wilcox 
ConsoYBabcock & Wilcox 
MHI 
Aerological Resources 

Babcock & Wilcox 

Environmental Elements 
Procedair 

C 
D 
C 
D 

D 
D 
D 
D 

D 

D 

D 
D 
D 
D 
D 

D 
D 
C 
C 
U 

Sodium bicarbonatdnahcolite, Le., natural sodium bicarbonate 
ABB Environmental (Fliikt) ABB C 
EPRI (Arm & Hammer/Church & Dwight, 

Kern-McGee, Multi Mineral, Natmna 
Resources) C 

NaTec NaTec C 
Solvay U 
Wheelabrator Wheelabrator C 

Sodium sesquicarbonate ma2CQ NaHC03 H20)/trona, 
is., natural sodium sesquicarbonate) 

EPRI (FMC) FMC 
EPRI (Cominco) Cominco 

D 
D 

IIIA3a DryMetalOxidel 
Dept. of Energy Solid Oxide (copper oxide) 
Exxon (copper oxide) S 
Houdry (Air Products) (copper & silica oxides) 

D 

S 

'Separate process converts SO, to sulfur or acid. 
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Table 7-6 (Continued) 
FGD Process Suppliers 

Process Categories and Processes U.S. Supplier Status 

DRY SORPTION (Continued) 

Sorbtech (formerly Sanitech) 

Shell (copper oxide) 
Showa-Denko (activated magnesia) 

(magnesium oxide) 

IIIA4a AlkelizedAlumh~a~ 
NOXSO 
U.S. Bureau of Mines 

IIlBl Carbon Adsorption1 
Babcock-Hitachi 
Chemibau-Reinluft 
EPDC Activated Char 
Hugo Peterson (Steinmiiller) 
Mitsui/Bergbau-Forschung (Carbo Tech) 
Steag 
Sulfacid 
Sulfocarbon 
Sumitomo 
Takeda 
UIlitika 
Westvaco 

Sorbtech 
UOP 

NOXSO 

Babcock & Wilcox 
Gilbert 

GEES1 
Conradus Assoc., Ltd 
LUrgi 

Westvaco 

mB2a Non-Reactive Adsorbent with Thermal Regeneration 

GAS PHASE CONVERSION 

N A l a  Catalytic Oxidation 
Bayer Double Contact parbenfabrikn) 
Cat-Ox Monsanto Enviro-Chem 
DESONOX Degussa 
Electrochemical Membrane U of GA 
SNPA Topsoe 
WSA-SNOX (Haldor Topsae) ABB Environmental 

N A l b  Ammonia to Ammonium Sulhte, Nitrate 
E-Beam (radiation-induced chemical reaction) Ebara 
ENEL PulseEnergization 
Karlsruhe Electron Streaming Treatment 

IVBla Electrochemical Conversion to Sulfur 
IGR/Helipump Electrochemical Cell IGR Enterprises 

NB2a Catalytic Reduction 
Parsons FGC Ralph M. Parsons 
Chevron Chevron 
Ontario Research Foundation 
RuthenidAlumina 

'Separate process converts SO2 to sulfir or acid. 
Source: Siegfriedt et al. (1993) 

D 
S 
S 

D 
S 

I 
S 
D 
C 
C 
C 
C 
D 
C 
D 
S 
S 

U 

D 
D 
D 

D 

D 
S 
D 
D - 
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Table 7-7 
FGD Byproduct Treatment Process Suppliers 

Process Categories and Processes U.S. Supplier status 
SULFUR DIOXIDE TO SULFURIC ACID 

Allied 
CIL 
Monsanto Monsanto 
Nitrosyl-Sulfuric Acid 

Allied Chemical (natural gas) Allied Chemical 
ASARCO (natural gas) ASARCO 
RESOX (coal) Foster-Wheeler 
Texas Gulf Sulfur (methane) 
Topsoe Haldor Topsae 

Sulfuric Acid Digestion (Japan) @ouble Alkali) 
Kawasaki 

SULFUR DIOXIDE REDUCTION TO SULFUR 

CALCIUM SULFITE TO GYPSUM 

CALCIUM SULFITE TO SULFUR 
Process Calx (converts sludge to CaS or FeS) 

CALCIUM SULFTIX TO HYDROGEN AND GYPSUM 
Hark (electrolysis) Ecolomics 

CALCIUM BYPRODUCT TREATh4ENT 
Amax Resource Recovery Systems, Inc. 
Calcilox 
Cefill 
Chemfix Controls 
Environmental Technology Corp. 
Marston Associates 
Ontario Liquid Waste Disposal Limited 
Poz-0-Tec 
Stabilisat 
TERRA-CRETE 
Werner Pfleiderer Corporation 
Wirtschaftsgut 

Dravo Lime 
Cementa (Sweden) 
Nat'l Environmental 

Conversion Systems 
Steinmiiller (Germany 
Sludge Fixation Tech. 

Ihauf (Germany) 

I 
C 
C 
C 

C 
S 
D 
S 
C 

U 
C 

D 

D 

D 
I 
U 
C 
D 
D 
D 
C 

9 U 
D 
U 
U 

U 
U 

SODIUM BYPRODUCT TREATMENT 
Fersona (with ash to form briquettes) 
Sintema Industrial Resources 

(Na2S04 with acidic ferric solution 
to form very insoluble double salt) 
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Type System 

Number of Systems 
Under 

Operational Construction Planned 

Limestone, Wet (Non-Regenerative) 
Lime, Wet (Non-Regenerative) 
Lime/Alkaline Hy Ash, Wet 
Lime, Spray Dryer 
Lime, Hydrated-Duct Injection 
Magnesium Oxide (Regenerable) 
Sodium Carbonate, Wet won-Regenerable) 
S o d i d i m e  Double Alkali (Non-Regenerable) 
Sodium Sulfite (Wellman-Lord, Regenerative) 
Sodium Carbonate Spray Dryer 
Trona Duct Injection 
Undecided 
Total Number of Plants 

67 
30 
13 
14 
1 
3 
7 
6 
7 
1 
- 
- 
149 

Source: PEI Associates (1989B) 

(text continued frompage 479) 

Present trends in selecting FGD processes are indicated by the data in Table 7-9. This 
table shows the recent FGD technology selections (as well as some key design data for the 
systems) resulting from implementation of Phase I of the Clean Air Act Amendments of 
1990. None of these systems are included in Table 7-8, which predates the 1990 Clean Air 
Act Amendments. 

E A  Coal Research’s FGD Installations on Coal-Fired Plants (Vernon and Soud, 1990) 
compiles data gathered fmm around the world on over 500 FGD installations. The report 
shows that wet scrubbers using calcium-based sorbents are the most widely used. Increasing- 
ly, processes that produce gypsum are favored. Use of spray dryers and sorbent injection is 
growing in the U.S. and Europe, especially on small units, although their non-usable byprod- 
uct may hinder further expansion. Despite their potentially high-value byproducts, regenera- 
ble processes have achieved only limited use. New processes, especially those combining 
SO2 and NO, removal, are continually being developed. However, experience indicates that 
only a small portion of these technologies will achieve widespread commercial use. IEA 
Coal Research’s FGD Handbook (Klingspor and Cope, 1987) also provides information on 
the major types of FGD systems in use and planned. 

The economics of FGD systems are site-specific and should be evaluated on a case-by- 
case basis. Nevertheless, some idea of the overall economics of flue gas desulfurization can 
be gained from Table 7-10 which provides data on 34 different FGD processes compiled 
from two reports issued by the Electric Power Research Institute. This organization has 
emerged as the major compiler of cost data for FGD systems. Care should be taken in using 
these data since costs are strongly affected by the assumed bases, including scope of items 



Table 7-9 
FGD Technology Selections for Phase I of the 1990 Clean Air Act Amendments (As of June 1992) 

No. of 
Stations @ 
Design SO2 Number of Units with 

Removal Absorber Module Size 
Number of Efficiency, % in % of Unit S i  and Absorber 

StationdUnits (Refer to note 1) Total MWe, in M W ,  per Module Material 
Wet Limestone 1 1 /20 With O.A. 10,941 8 w/ one 100% module each Refer to note 2. 
with Forced 1 @ 98% 2 w/ two 67% modules each 
oxidation 1 @97% 3 w/ two 50% modules each 

1 @>95% 2 w/ five 50% modules total 
6 @ 95% 1 w/ three 50% modules total 
2 @ 93% 2 w/ three 40% modules each 

2 w/ three 33% modules each 
Without O.A. (100 to 650 MW, each) 

7 @ 95% 
2 @ 93% 
1 @ 92% 
1@90% 

Wet Limestone 1/1 91 650 1 w/ two 67% modules total Ferralium 225 

Oxidation Stainless 

Wet Lime, 
Magnesium- 2/5 95 & 98 4,520 (640 M W ,  each) 
EnhELllced Steels 
(Thiosorbic 
Lime) (217 MW, each) 

with Inhibited (436MWeeach) Duplex 

Steel 
31R & 317LM 

Stainless 
3 w/ one 100% module each 

2 w/ six 20% modules each 

Notes: 
1. OA. stands for organic ucid. Oq-anic acids are spea#ied for fmr stations and increase the renwval eflciency by up to 6%. 
2. Various materials are specified for the absorbers of these wet limestone systems: four stativns propose to use unclad alloys (three 31 7L, LM or LMN stainless steels and 

one Hastelloy C276), two clad steel (one with Hastelloy C276 and one unspecified), two carbon steel wallpapered with Hastelloy C276, one a combination of solid and 
wallpapered Hastelloy C276, and two rubber lined carbon steel. 

3. While the above Title lV/Phase I units accountfir much ofthe FGD business for U.S. suppliem during this period, there were a si#unt number ofawardr for new anl 
retrofit FGD systems in Canada andoverseas not included in the above list. 

Source: FGD & DeNO, Newsleiter (1992) 
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included in capital costs, unit costs (and credits) assumed for calculating operating costs, 
assumed on-stream time, and the time frame of the estimate. Many recent U.S. awards for 
limestone systems have been considerably below the EPRI database values due to the use of 
single 100% absorber modules, high velocity absorbers, no reheat, and no bypass, and sim- 
plified byproduct disposal in addition to very low profit margin, all of which differ from the 
EPRI database. It is also difficult to draw conclusions about new processes by comparing 
costs with those of proven systems because of the large uncertainties in cost estimates for 
processes still in the developmental stage. 

A wealth of information is available for the prediction of the costs of large FGD systems. 
This information has been mostly developdfunded by EPRI and the EPA. The following 
references provide capital and operating cost information: 

EPRI CS-3342 (Keeth et al., 1983) and EPRI GS-7193 (Keeth et al., 1991B, 1992) provide 
the cost data that are summarized in Table 7-10. Costs from the earlier report are higher 
than the more recently reported data, and costs from both reports are high based on market- 
place activity in the late 1990s. 
EPRI (3-3696 (Shattuck et al., 1984) provides a manual procedure for calculating retrofit 
FGD system costs. 
EPRI CS-5408-CCM (Steams, 1987) covers a computerized version of the procedure out- 
lined by Shattuck et al. (1984). 
EPRI GS-7525-CCML (Keeth et al., 1991A) describes the computer model used in prepar- 
ing the data in EPRI GS-7193 (Keeth et al., 1991B, 1992). 
Sopocy et al. (1991) assembles a number of EPRI computer programs into a single package 
that can evaluate the applicability of various SOz control technology options for a given 
application, determine costs of the technologies (fifteen in 1991), and evaluate proposals. It 
can also simulate wet limestoneflime processes. . EPA/600/S7-90/022 (Maibodi et al., 1991) presents a computer model developed by the 
U.S. Environmental Protection Agency to estimate costs and performance of coal-fired util- 
ity boiler emission control systems. The model, which is based on user supplied data, gen- 
erates a material balance and an equipment list from which capital investment and revenue 
requirements are estimated. The model covers a number of conventional and emerging 
technologies. 
EPA/600/S7-90-91 (Emmel and Maibodi, 1991), PB91-133322 (Emmel 2nd Maibodi, 
1990), and EPA/600/7-88/014 (Radian, 1988) provide EPA cost estimates for specific coal- 
fired electric generating plants. 

.Czahar et al. (1991) provide a handbook to aid in least-cost planning of emission control 
and acid rain compliance measures required by utilities. 

SELECTION CRITERIA 
Factors considered in the selection of sulfur dioxide removal systems vary with the type of 

system, but some important parameters are 

gas flow rate (size) 
inlet and outlet sulfur dioxide concentrations 
installed cost 
types, quantities, qualities, and availabilities of sorbents, water, steam, and power 

(text continued on page 494) 



Table 7-10 
Comparative Economics of Processes for Desulfurizing Power Plant Flue Gas 

Capital Costs, $/kW 
A B C D 

Der 1982 Dee1982 Jan1990 Jan1990 
2@500MWe 2@500MWe 300MWe 300MWe 

4.0% S 0.48% S 2.6% S 2.6% S 
Ref. Data Base 90% Rem 70%Rem YO%Rem YO%Rem 

UON 

Process New New New Retrofit 

Limeston-F.O. 177 - 166.2 216.2 

Limeston-F.O. - - 183.7 243.4 

Limeston-1.0. - - 169.2 234.6 
Limestone-DBA - - 163.5 211.8 
Limeston-Formic 130 - 145.5 189.2 

Limeston-N.O. 175 110 
Limestone-N.O. 162 - 152.8 198.8 

Limeston-Dowa 173 
clliyoda 139 - 146.4 190.2 

Pure Air Cocurrent - - 146.6 195.9 
Limestone-F.O. - - 176.5 229.4 

Limeston-F.O. - - 182.0 236.6 

Limestone F.O. - - 176.7 229.7 

Lime-Magnesium- - - 145.8 189.8 

Lime-Dual Alkalj 147 - 149.7 203.0 
Lime-conventional 163 
Lime Spray Dryer - 111 129.8 166.3 

(Disposal Grade) 

(Wallboard Grade) 

Acid (S-H-U) 
- - 

Dual Alkali - - - 

Thoroughbred 121 

Bischoff 

No~II-KRURC 

NSP Bubbler 

Enhanced 

- - - 

Tampella LIFAC - - - 221.2 
@80% Rem 

Lllrgi CFB - - - 137.1 

Lfvelized Busbar Costs, millslkwh (Current Dollars)' 
A B c D 

Dee 1982 Dee1982 Jan1990 Jan1990 
2 @ 500MWe 2 @ 500MWe 300MWe 3OOMW, 

4.0% S 0.48% s 2.6% S 2.6% S 
70%Rem YO%Rem YO%Rem 90% Rem 

UON 

New New New Retrofit 

15.8 

- 
- 
- 
15.7 

17.9 
15.6 

14 
13.5 

- 
- 
- 

- 

- 

17.1 
19.5 
- 
- 
- 

11.5 

11.5 

11.2 
11.3 
10.3 

- 
10.5 

- 
9.6 

10.2 
11.8 

11.9 

10.9 

11.6 

11.3 

10.5 
- 

- 

- 

Itnhle rnntiniwd nn next nape) 



Table 7-1 0 (ContPn~ed) 
Comparative Economics of Processes for Desulfurlzing Power Plant Flue Gas 

capital costs, mw 
A B C D 

Dee1982 Dee1982 Jan1990 Jan1990 
2 @ 500 MW, 2 @ 500 MW, 300 MW, 300 MWe 

4.0% S 0.48% s 2.6% S 2.6% S 
Ref. Data Base 90% Rem 70%Rem !JO%Rem 9O%Rem 

UON 

1 -  NeW New New Retrofit 

- - 84.4 Advacate Moist Duct - 
Injection 

Injection @50% Rem 

@SO% Rem 

Injection @SO% Rem 

pumacesorbent - - - 85.9 

Economizer Injection - 
Duct Sorbent - 

- - 88.0 

- - 91.0 

HYPAS Dry Injection 

~ c t S P Y D r Y e r  

Nahcolite Injection 
Trona Injection 
Wellman-Lord 
Magnesium Oxide 
sulf-x 
HXkt-Boliden 
Aqueous Carbonate 

Passamaquoddy 
Potassium 

I Conosox 

- 

- 
- - 
274 
269 
295 
391 
401 
43 1 
- 

- 

- 
- 
- 

217.0 
217.8 - - 
- 
- 

370.3 

128.7 
1.5% S 

$6096 Rem 
74.4 

@SO% Rem - 
- 

278.3 
283.1 - 
- 
- 
- 

481.4 

~ 

Leveked Busbar Costs, milLslkwh (Current Dollars)' 
A B C D 

Dee 1982 Dee1982 Jan1990 Jan1990 
2@500MW, 2 @ W M W ,  300MWe 3OOMW, 

4.0% S 0.4% s 2.6% S 2.6% S 
90% Rem 7o%Rem 9O%Rem 9O%Rem 

UON 

New New New Retrofit 

- - 7.0 - 

- 8.3 - - 
@ 50% Rem 

8 50% Rem 

@ 50% Rem 

- 8.3 

- 8.5 

- - 
- - 

- 

I 

- 
- 

25.5 
19.4 
20 

28.7 
29.5 
44.8 - 

8.8 
1.5% s 

@ 60% Rem 
6.8 

@ 50% Rem 

13.3 
13.7 

~~ ~ 

Oxidation, and DEA for dibasic acid 
3. Data sources: A & E-EPIU Report CS-3342 (Keeth etal.. 1983), C & %EPRlReport GS-7193 (Keerh et al., 1991B, 1992) 
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(text continuedfrom page 491) 

types, quantities, characteristics, and disposal options for solid and liquid byproducts/ 

gas side pressure drop 
operating and maintenance labor and material 
space and sparing requirements 
ease and time of installation 
new vs. retrofit 
materials of construction 

wastes 

For salable byproduct processes, byproduct characteristics and purity are significant con- 
siderations, For disposable byproduct processes, the availability of disposal sites, byproduct 
structural properties, and the landfill leachate properties are important factors. The need, or 
the potential need, to remove NO, and other pollutants should also be considered in the 
selection process. Some processes have the capability to remove NO, or other pollutants or 
can be modified to remove them. Failure to define the characteristics and availabilities of 
potential sorbents and wastes early in the project can lead to higher cost or poorer perfor- 
mance than expected. The use of a single, large module versus multiple modules or the 
inclusion of a spare module are also important considerations. In view of the steady 
improvement in scrubber reliability, there has been a growing trend toward the use of larger 
modules with no spares. The need for a quenchedpre-scrubber for temperature reduction, the 
requirement to handle failure of such a system, and/or the need to remove chlorides or partic- 
ulate matter are other early considerations. 

For disposable byproduct processes, an early decision must often be made regarding the 
use of wet limestoneflime vs. spray dryer systems. Inlet and outlet SO, concentrations are 
usually important in making such a decision. Many spray dryer FGD systems now operate or 
have been proposed to operate in the range of 90-95% SO, removal, while wet limestone/ 
lime scrubbers are capable of removing about 98% SO,. If the regulatory requirements esca- 
late to 97% or 98% SO2 removal, the FGD selection could change from a spray dryer to a 
wet scrubber type. 

Frank and Hirano (1990) survey the potential for the production and consumption of alter- 
native, usable, commercial byproducts in conjunction with a major reduction in national 
emissions of SO2 and NO,. They conclude that the potential byproduct yields from the U.S. 
acid rain control program greatly exceed available markets for the chemical products. 
Byproducts evaluated in the study include gypsum, sulfuric acid, ammonium sulfate, ammo- 
nium sulfate/nitrate, and nitrogedphosphorous fertilizer. Henzel and Ellison (1990) present a 
review of past, present, and potential future disposal practices and commercial FGD byprod- 
uct utilization. They indicate that the only discemable trend is the production of usable gyp- 
sum by wet FGD systems. The 1990 Clean Air Act Amendments may create a need for dis- 
posal sites, which tend to be expensive and scarce and which could in themselves be 
environmental problems. Systems that produce usable byproducts are expected to become 
more important in the future as the disposal option becomes less viable. 

The SO2 gas produced by many regenerable processes can be converted in an auxiliary 
plant into any of several byproducts, including liquid SOz, H2S04, and elemental sulfur. The 
marketability of these products depends on local demand and economic factors. Transporta- 
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tion distances and transportation methods, i.e., pipeline, rail or road, are important factors in 
an economic analysis (Giovanetti, 1992A). Usually sulfuric acid is much more marketable 
than elemental sulfur, and elemental sulfur is more marketable than liquid sulfur dioxide. 
However, elemental sulfur is the least costly to store and transport. EPRZ Report CS-3696 
provides a decision logic approach for selecting a process for retrofit situations that takes 
many of the above factors into account (Shattuck et al., 1984). Table 7-11 gives typical 
quantities of sorbents required and byproducts produced on a pound of SO2 removed basis 
for several FGD processes. 

It should be noted that FGD systems are not the only method of controlling flue gas SOz 
emissions. Other potential methods are fuel cleaning, switching, and blending; unit retire- 
ment; purchase of SOz emission allowances (in the U.S.); and the use of other technologies 
such as atmospheric fluidized bed combustion, pressurized fluidized bed combustion, gasifi- 
cation with fuel gas clean-up, etc. Only FGD systems are discussed in this chapter. 

Table 7-1 1 
Typical Quantities of Sorbents and Byproducts for Various FGD Processes1 

(Pounds per pound of SO2 removed) 

Quantities of Sorbent Required Quantities of Byproduct Produced 

Limestone (Wet Process)z 1.83 Gypsum Byproducts 3.15 
Lime (Wet Process)3 1.02 Inhibited Oxidation Byproductg 2.88 
Hydrated Lime (Wet Proces~)~ 1.35 Natural Oxidation Byproductlo 4-7+ 
Mg-Enhanced Lime (Wet Proce~s)~ 1.08 Lime Spray Dryer Byproduct" 3.24-3.69 
Lime (Spray Dryer Process)5 1.20-1.47 Sulfuric Acid, 98.5% 1.55 
Soda Ash (Wet Process)6 1.66 Elemental Sulfur 0.50 
Sodium Hydroxide (Wet Proce~s)~ 2.50 Sodium Sulfite/Sulfate12 2.03 
Ammonia 0.53 Ammonium Sulfate 2.03 
Notes: 

1. Quantities of sorbent and byproduct are calculated based on stoichiometric equations and assumptions 
given below. Most sorbents contain some water that has not been included. Quantities will vary with the 
quality of the sorbent, the presence of other acid species such as HCl and HFl in the flue gas, and other 
factors. 

2. Dry limestone with 6% inerts and 1.10 Ca/s ratio. 
3. Dry lime with 10% inerts and 1.05 Ca/s ratio. 
4. Dry magnesium-enhanced lime with 10% inerts, 5% magnesium oxide, and 1.05 CdS ratio. 
5. Dry lime with 5% inerts and 1.3-1.6 Ca/s ratio. 
6. Dry 99.8% pure soda ash with aqueous sodium salts as the byproduct. 
7.50% concentration sodium hydroxide (water included) with aqueous sodium salts as the byproduct. 
8. With 6% inerts in limestone and 10% moisture, (no fly ash or lime). 
9. With 6% inerts in limestone and 20% moisture, withoutfly ash and lime added. 

10. Naturally oxidized wet, from limestone, without fly ash and lime added 
11. With 5% inerts and 20% moisture, 1.3-1.6 Ca/s ratio, fly ash omitted. 
12. Dry salts only. Typical byproduct from the wet soda processes is a dilute solution. about 1&15% salt. 
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ALKALINE EARTH PROCESSES 

LimestoneRime Process 
The limestonellime process is currently predominant in power plant flue gas scrubbing 

and has been the subject of numerous studies and publications. The large number of reports 
by EPRI covering both limestonellime systems as well as other FGD systems are particularly 
valuable. 

In the limestonehe process, flue gas is contacted with an aqueous slurry of limestone or 
lime. Sulfur dioxide in the gas reacts with the slurry to form calcium sulfate (and sfi te).  
These compounds are collected as a relatively inert byproduct for disposal, and the purified 
gas is discharged to the atmosphere (after passing through a mist eliminator). A flow dia- 
gram is shown in Figure 7-2. For purposes of this discussion, the use of slurries of alkaline 
fly ash or special reactive lime-based sorbents will be considered as modifications of the 
basic limestonellime process. 

The process is believed to have originated in the U.S. with Eschellman (1909), who 
patented a method of purifying burner gases using milk of lime (a slurry of lime in water). 

Gypsum Dewatering Reagent Preparation 

Figure 7-2. Flow diagram, SO2 removal by limestone process with forced oxidation. 
(heissel et a/., 1989) 
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The history of the development of the process through the early British plants in the 1930s to 
large, modem installations has been traced by Marten (Anon., 1977). 

The earliest commercial applications of the limestone/lime process were in London, Eng- 
land. The first unit at the Battersea Power Station was put into operation in 1931. This was 
followed by improved units at Bankside, Swansen, and Fulham. The initial process was pri- 
marily a once-through water wash, using a small amount of chalk slurry added to the natural 
alkalinity of the Thames River. In 1938, the Fulham Power Plant was the first to use recycle 
in the process. This process is basically the same as the modem limestoneJlime systems. 

A modification of the process, which was installed on several United States power plants 
in the early 1970s, involves the injection of limestone into the furnace followed by the scrub- 
bing of flue gas with a lime slurry (Miller, 1976; Jonakin and McLaughlin, 1969). This 
process appeared to offer the advantage of in situ calcination of limestone to lime and two- 
stage contacting (dry plus wet). Early operations in the U.S., however, encountered numer- 
ous operational problems. A simple limestone or lime wet scrubber technique (figure 7-2) 
has been generally preferred for more recent installations. 

Another early process “improvement” which has not been favored in recent plants is the 
concept of combining fly ash particulate removal with the SO2 removal scrubber. This 
scheme offers a very large potential for cost savings by eliminating the need for an electro- 
static precipitator or fabric filter. However, it also introduces a number of problems. First, 
the draft fan is located downstream of the wet scrubber where the fan is subject to corrosion 
and solids deposition (balance) problems. Second, the chemical and physical operating char- 
acteristics of the wet scrubber system are affected by the addition of the fly ash particulate. 
A further advantage of a separate dry ash removal step is that the dry ash can be sold or 
mixed with the wet byproduct to produce a product more suitable for disposal. It is not likely 
that there will be a change from the present usage of electrostatic precipitators (ESPs) and 
fabric filters for particulate removal ahead of the FGD system due to the increasingly strin- 
gent particulate regulatory requirements. High particulate removal efficiencies cannot be 
achieved economically by venturis or other wet scrubbers, but can be met by electrostatic 
precipitators and fabric filters. In addition, a very high pressure drop is required across a 
high efficiency venturi, which means a large power requirement for the fan. 

Unlike U.S. utilities, many German power suppliers favor the use of wet, vertical, axial 
fans for induced draft (I.D.) service. There are several reasons for this: duct and fan arrange- 
ments are less costly and ductwork is simplified and takes less space, which can be particu- 
larly helpful in retrofit situations. To protect the fans from corrosion, the stator is covered 
with soft rubber, and the wetted surfaces of blades and the impeller are made of corrosion 
resistant material. Impellers may also be coated with hard rubber (McIlvaine, 1989). 

Process Description 

Today, there are three main variations of the wet limestonellime FGD process: limestone, 
lime, and magnesium-enhanced lime. Wet limestone and lime systems simply use limestone 
and lime slurries, respectively, as the absorbents. Magnesium-enhanced lime systems use a 
special lime that can be made by calcining either a limestone ~ t ~ r a l l y  containing sufficient 
magnesium to produce 3 to 8% magnesium oxide in the lime, or by adding magnesium car- 
bonate or dolomite to a limestone that does not contain the necessary amount of magnesium 
carbonate, and then calcining the mixture. The calcining process that converts calcium car- 
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bonate to calcium oxide (lime) also converts the magnesium carbonate to magnesium oxide, 
which “enhances” the lime. 

There are three sub-categories for these main categories, which are identified according to 
the byproduct formation step. The sub-categories are referred to as natural, forced, and inhib- 
ited oxidation. Oxidation in wet limestone or lime FGD systems refers to the conversion of 
calcium sulfite hemihydrate (called calcium sulfite) to calcium sulfate dihydrate, i.e., gyp- 
sum (called calcium sulfate). Natural oxidation occurs if nothing is done to force or inhibit 
oxidation of the “naturally” formed mixture of calcium sulfite and calcium sulfate. In lime- 
stone systems, forced oxidation is accomplished by sparging (bubbliig) air into the slurry 
either in the bottom of the absorber vessel (in situ oxidation) or in an external tank (ex situ 
oxidation) to oxidize the calcium sulfite to calcium sulfate. The forced oxidation byproduct 
is mostly calcium sulfate. Inhibited oxidation is accomplished by adding chemical additives 
to minimize the formation of calcium sulfate, causing most of the byproduct to be calcium 
sulfite. It has been found that both forced and inhibited oxidation offer advantages over nat- 
ural oxidation. The primary advantage of both is a decrease in gypsum scaling in the 
absorber. Another benefit can be better dewatering with consequent improved landfill prop- 
erties. Table 7-12 identifies the types of oxidation used with limestone and lime scrubbers. 

Natural oxidation levels can range from 10% for high sulfur coals to almost 100% for very 
low sulfur coals (Saleem, 1991A). High levels of SQ in the flue gas tend to decrease percent 
oxidation; whereas, high levels of oxygen increase oxidation. High fly ash concentrations 
increase oxidation due to the catalytic effect of some metallic oxides present in the fly ash. 

At oxidation levels above about 15-20%, gypsum scaling normally occurs and can cause 
plugging of vessel internals (Babcock t Wilcox, 1992B). Below this range, co-precipitation 
of calcium sulfite and calcium sulfate limits the gypsum scaling as described in the Basic 
Chemistry discussion which follows this section. Above about 6570% oxidation, the slurry 
is subsaturated in gypsum and gypsum scaling does not generally occur. Calcium sulfite has 
a hard crystalline structure and forms what is called “hard” scale that is difficult to remove. 
Calcium sulfate (gypsum) forms a soft scale that is easier to remove. Gypsum scaling has 
probably been the largest cause of absorber downtime in U.S. FGD applications. Gypsum 
precipitation occurs when the scrubbing liquid becomes sufficiently supersaturated with 
respect to gypsum, and can occur through either crystal growth or nucleation. At the higher 
relative saturations and in the absence of an adequate supply of seed crystals, nucleation 
dominates, causing uncontrolled formation of nuclei, resulting in scaling on whatever sur- 
faces are available. As long as a high concentration of gypsum solids is maintained in the 
slurry, crystal growth dominates, and scaling does not occur (Moser and Owens, 1991). 

Forced oxidation (in limestone systems) can increase oxidation to calcium sulfate to well 
over 95%. In fact, one supplier of forced oxidation systems guarantees 99.5+% conversion to 
calcium sulfate and considers operation at 95% a result of process chemistry imbalances 
(Klingspor, 1993). The calcium sulfate so formed is precipitated in the absorber sump/reac- 
tion tank as gypsum, provided sufficient time and seed crystals are available. This reduces 
the amount of dissolved sulfite returned to the absorber, and minimizes the possibility of sul- 
fite oxidation and sulfate scale deposition on equipment surfaces. 

Forced oxidation is not required for scale control with lime systems (Gogheni and Mau- 
rin, 1975) since sulfate scaling is controlled either by the naturally occurring seed crystals or 
by co-precipitation of sulfate with sulfite as described in the Basic Chemistry section. Forced 
oxidation may also be used to oxidize calcium sulfite when alkaline fly ash is the primary 
source of alkali. The large commercial FGD system at the Colstrip Power Station in Mon- 
tana, which uses a mixture of fly ash and lime as sorbent, has consistently produced an efflu- 
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Table 7-12 
Status of Oxidation Modes in Limestone/Lime FGD Systems' 

Oxidation Mode 

Forced 

Inhibited 

Natural 

Type of FGD System 

Limestone Lime Enhanced Lime 
Magnesium- 

Most widely used 
combination in the 
world today. 

No large systems of this 
type were found. Several 
large systems of this 
type by S-H-U were 
converted to limestone 
based on economics. 
There are smaller sys- 
tems, e.g., on municipal 
solid waste incinerators. 

Newer and used to a 
lesser extent than forced used. 
oxidation. 

Newer and not widely 

Widely used with early 
FGD systems, but no 
longer widely used. 

Not widely used. At one 
station, limdfly ash sys- 
tems produce a highly 
oxidized byproduct 
without the use of forced 
oxidation. 

In the US., a process 
called Thioclear, has 
been pilot-plant tested 
by Dravo. Gypsum and 
magnesium hydroxide 
are produced. In Japan, 
Kawasaki has a similar 
process. 

Used on only two 
plants. Wider usage is 
expected in the future 
as inhibited oxidation 
has been tested on 
many magnesium- 
enhanced lime FGD 
systems. 

Use has been primarily 
regional in the U.S. 
Ohio Valley. The major- 
ity of the magnesium- 
enhanced lime systems 
operate in the natural 
oxidation mode. 

Note: 
1. Based on mid-1994 market conditions. 

ent approaching 100% oxidation (Grimm et al., 1978). This is accomplished by maintaining 
a low pH (less than 5.6), operating with a high level of suspended solids in solution (12 to 
15% by weight), and providing a long residence time for slurry in a stirred tank external to 
the scrubber (8 to 10 hours, based on bleed rate). The Colstrip byproduct has been observed 
to increase in pH from about 5, as discharged from the absorber loop, to about 8, after 10 to 
20 hours in the settling pond. This is believed to contribute to the self-hardening characteris- 
tic that slowly occurs with the Colstrip byproduct. 

The limestone forced oxidation system is the most widely used wet scrubbing system in 
the world today, comprising roughly onethird of the wet scrubbing systems. Limestone is 
used because it is inexpensive, while forced oxidation is preferred because it reduces the 
scaling potential within the scrubber, enhances dewatering capability, and produces a 
byproduct suitable for either landfill or sale as gypsum. Gypsum is usable in wallboard 
plants, agriculture, and the cement industry. Although it is not typical to sell the gypsum in 
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the US., the scale-controlling benefits of forced oxidation permit greater scrubber availabili- 
ty, and the enhanced dewatering capability reduces the waste disposal area requirement, 
which is attractive in congested areas (Telesz et al., 1990). 

Converting from natural to forced oxidation has been reported to increase limestone uti- 
lization andor SOz removal efficiency or possibly lower LIG (Burk et al., 1990A). Others, 
however, have found little effect (Klingspor, 1993). 

Inhibited oxidation also has attractions. Its principal benefit is controlling the deposition of 
gypsum scale by minimizing the formation of calcium sulfate. A side benefit of low oxidation 
levels is the possible growth of larger calcium sulfite crystals, thus yielding better dewatering. 
Therefore, the inhibited oxidation system enjoys the benefits of low waste disposal quantity as 
well as scale control. Although inhibited oxidation systems are limited to the production of a 
disposable byproduct, they have lower power consumption and only moderately higher chem- 
ical consumption than forced combustion systems (Telesz et al., 1990). 

Most of the large lime systems in the U.S. are the magnesium-enhanced type due to the par- 
ticularly beneficial effects of magnesium on lime systems. Magnesium-enhanced lime scrub 
bers have not enjoyed the worldwide popularity of the limestone forced oxidation system, but 
they have been quite popular in the U.S. Ohio Valley, where the lime is often delivered by 
barge. There are over 8,000 Mw, of magnesium-enhanced lime scrubbers in operation or 
start-up. Most are located in a beltway from Pittsburgh, Pennsylvania, to Evansville, Indiana, 
but there are also magnesium-enhanced lime scrubbers operating on Units 1-3 at the Four 
Comers Plant of Arizona Public Service. The Ohio Valley magnesium-enhanced lime scrub 
bers use a reagent naturally containing approximately 5% MgO. The Four Comers Units 1,2, 
and 3 use a locally blended lime product to achieve the same results (Telesz et al., 1990). 

Several patents relating to the use of magnesium oxide as an additive to lime scrubbing 
systems have been obtained by the Dravo Corporation, Pittsburgh, Pennsylvania (Selmeczi, 
1975A, C). Their proprietary system is offered as the Thiosorbic Flue Gas Desulfurization 
process. Pilot plant and commercial experience with the process are described by Selmeczi 
and Stewart (1978). 
In magnesium-enhanced lime FGD systems, magnesium sulfite in solution enhances SOz 

removal and the system can operate at high efficiencies with much lower liquid-to-gas ratios 
than a limestone system. For such systems, the U G  is typically less than 40 gpd1,OOO acfm 
vs. 67 to greater than 100 for a typical limestone system. Additional benefits are that 
absorber scaling is minimal, clarifier overflow can be used for washing mist eliminators, and 
the system is easy to control. On the negative side, magnesium-enhanced lime systems pro- 
duce a slurry with very fine calcium sulfite crystals, which, relative to gypsum, are more dif- 
ficult to dewater. Large thickeners and filter installations are required, and the filtercake 
tends to liquify. Typical cake solids content is 45% to 50%; in some cases, there is not 
enough fly ash available to make the mixed fly ash and filtercake dry enough for easy han- 
dling (Laslo and Bakke, 1984). It is therefore often necessary to add large amounts of lime to 
the filter cake to accelerate the pozzolanic reaction and make the material suitable for land- 
fill. However, some improvement in dewatering characteristics can be obtained by the use of 
inhibited oxidation. 

Forced oxidation will not resolve these problems. Also, in-loop forced oxidation will oxi- 
dize the magnesium sulfite used to enhance SO2 removal and thereby destroy the benefits of 
using magnesium-enhanced lime (Bakke, 1985). To alleviate these problems, Dravo is devel- 
oping a new magnesium lime process called the Thioclear process. This process uses magne 
sium hydroxide as the sorbent and produces gypsum and magnesium hydroxide byproducts 
with an external oxidation process (Benson et al., 1990). 
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Typically, the magnesium-enhanced lime process has a lower capital cost, but higher oper- 
ating cost than limestone forced oxidation. This leads to an advantage for the magnesium- 
enhanced lime process under any conditions that reduce the total sorbent cost. These condi- 
tions include low sulfur coal, short remaining plant life, low capacity factor, low lime cost, 
and small unit size (Ireland and Ogden, 1991). 

The selection of a limestone or a lime FGD system depends on many factors in addition to 
cost. Table 7-13 gives a comparison of features that are relevant to the selection of limestone 
or magnesium-enhanced lime as the sorbent. Note that the comparison is based on magnesium 
enhanced lime rather than straight lime due to the advantages of magnesium enhancement. 

The basic components of the limestone/lime system are an absorber vessel for contacting 
the gas with the absorbent slurry, a mist eliminator to remove entrained moisture from the 
cleaned gas, a reaction tank (either external or part of the absorber sump) for the slurry 
where the chemical reactions can proceed, a dewatering system to remove byproduct solids 
from the liquid absorbent, and a fresh sorbent feed system. Usually, a particulate removal 
system is required upstream of the absorber. In Japan and Europe, reheaters are frequently 
used to raise the temperature of the cleaned stack gas exiting the system above the dew 
point. Early U.S. practice was to use steam or bypass-gas reheat systems. Currently, the 
usual U.S. approach is to use a “wet stack,” rather than a reheater. Pumps, blowers, and con- 
trols are, of course, necessary accessories to the process. Figures 7-3 and 7-4 are simplified 
drawings of a spray tower absorber and a tray tower absorber, respectively. Many of the 
major system components are visible in the photograph (Figure 7-5) of a scale model of a 
large limestone process FGD system. 

Key items which must be evaluated in the design of limestone/lime systems include lime- 
stone vs. lime, byproduct oxidation (forced, natural, or inhibited), sorbent selection, use of 
additives, water balance including chloride concentration (open- or closed-loop water bal- 
ance), need for and scope of a waste water treatment system (especially with FGD systems 
capable of good dewatering), absorbent cycle design (slurry concentration, recycle rate), 
absorber type, byproduct dewatering (e.g., thickener vs. hydrocyclones, vacuum filters vs. 
centrifuges), byproduct processing and handling techniques, disposal options, mist elimina- 
tor design and operation, wet stackheheater design, and materials of construction. These 
items and typical FGD process problems are discussed in subsequent sections of this chapter. 

Basic Chemistry 

When sulfur dioxide dissolves in water, a portion of it ionizes according to the following 
equations: 

The solubility of sulfur dioxide in pure water in equilibrium with pure gases is given in 
Figure 7-6, which is based on the data of Parkison (1956). As indicated by the equations, the 
amount of sulfur dioxide absorbed by an aqueous system can be increased by reducing the 

(text continued on page 506) 
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Table 7-1 3 
Comparison of Wet Limestone/Magnesium-Enhanced Lime System Key Features 

Feature Wet Limestone Wet Magnesium-Enhanced Lime 

Sorbent Cost and 
Quantity Required lime. 

Limestone costs significantly less than 

CalS ratio can be 1.1 or less. 

Sorbent Storage 
Requirements 

Limestone can be stored in open piles, 
enclosed to prevent materials handling 
problems where freezing can occur. 

Sorbent Reparation Limestone must be iinelv Dulverized to 
Requirements 

Process Control 

Absorption 

react at a reasonable rate: kom 80% of --2 
particles passing through a 200 mesh to 
95% through a 325-mesh screen. A milling 
system with a high power requirement is 
needed to grind the limestone. 

Process response to changes in SO, con- 
centration is slower than with a Mg- 
enhanced l i e  system due to the time it 
takes CaC03 to dissolve. 

With natural oxidation, gypsum scaling in 
the absorber is a concern. Use of forced 
oxidation or the newer inhibited oxidation 
reduces scaling. 

Chlorides slow dissolution of limestone, 
which tends to reduce dissolved alkalinity, 
causing SO, removal efficiency and pH to 
drop. Forced oxidation helps to offset both 
effects. 

Organic acid additives can increase SO, 
removal and decrease UG. (Bakke, 1985) 

Dewatering With natural oxidation, dewatering is poor. 
With forced oxidation, dewatering to 90+% 
solids is now common. With inhibited oxi- 
dation, dewatering is enhanced. Good 
dewatering in most cases requires a purge 
stream to prevent chloride build-up that 
would cause corrosion and, for wallboard 
gypsum, poor salability. This could neces- 
sitate a waste water treatment system. 
Chloride removal systems are very expen- 
sive. Chemical treatment of the waste water 
to reduce trace metals and suspended solids 
is also expensive. 

Lime contains more calcium per pound 
of sorbent than limestone with correspond- 
ingly lower transportation and storage 
costs. 

CalS ratio can be 1.05 or less. 

Lime is shipped and stored as a powder. 
Lime can absorb water forming calcium 
hydroxide, giving off heat and caking. 
Transportation must be in closed contain- 
ers and storage must be in covered silos. 

Lime must be slaked. 

Process response to SOz concentration 
changes is more flexible and forgiving 
than for a limestone system due to the 
buffering effect of the magnesium sulfite. 

There is little, if any, tendency for scaling 
in the absorber. 

Cblorides reduce the dissolved alkalinity, 
requiring more magnesium to be added to 
the process. Chlorides can cause 
wmsion. 

Lime is more chemically reactive than 
limestone and, therefore, has a higher dis- 
solution rate, a higher operating pH, and a 
lower UG ratio. The absorbers and 
recycle pumps are therefore smaller. 
Higher removal efficiencies are possible. 

With natural oxidation, dewatering is to 
45-50% solids range. The dewatering 
equipment must be larger than for a lime- 
stone system as the smaller calcium 
sulfite crystals settle more slowly in a 
thickener and do not filter as effectively. 
Inhibited oxidation improves dewatering. 
(Magnesium enhancement degrades the 
dewatering properties of a lime system.) 
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Table 7-13 (Continued) 
Comparison of Wet Limestone/Magnesium-Enhanced lime System Key Features 

Feature Wet Limestone Wet Magnesium-Enhanced Lime 

Byproduct Disposal Mixing natural oxidation byproduct with Mixing natural oxidation byproduct with 
fly ash and lime, forced oxidation, and pos- fly ash and lime or producing an inhibited 
sibly inhibited oxidation can make the oxidation byproduct is necessary to make 
byproduct suitable for landfill. Treatment the product suitable for landfill. 
of byproduct has a further advantage where 
fly ash cannot be. sold in that it renders the 
ash essentially non-leachable. Gypsum may 
be salable. If gypsum is produced, fly ash 
is not needed for byproduct treatment, and 
may be salable. 

n* Scrubbed Gas Outlet 

Mist Eliminator Mist Eliminator 
Wash Sprays 

Absorber Sprays 

Recycle Tank 

Absorber 
Recycle 

Flue Gas Inlet 

Air Sparger 
+Sparge Air 

Figure 7-3. Schematic of spray type absorber tower for in situ forced oxidation. 
(GEES/, 1992) 



P 

Figure 7-4. Schematic of tray tower absorber. (Babcock and Wilcox, 19924 



Figure 7-5. Photograph of a scale model of the limestone process FGD plant on Unit 2 of Alabama Electric Cooperative’s Tombigbee 5. 
Station. Components from left to right are inlet ductwork; I.D. fans; common recycle tank, spray tower absorbers, one behind the other; 
slurry preparation tank; limestone silo; and limestone ball mill (in enclosure). Courtesy of Peabody Process Systems, Inc. E 
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SULFUR DIOXIDE CONCENTRATION IN LIQUID (LE MOLESICU FT1 x103 

Figure 7-6. Solubility of sulfur dioxide in pure water. Data offarkson (195s) 

(text continuedfrom page 501) 

hydrogen ion concentration or by removing HS03- or S03%. The addition of calcium oxide 
or carbonate to the system accomplishes both of these actions. In the presence of lime and 
limestone, the following reactions occur: 

Lime Dissolution: 

Ca(OH)2(,) = Ca(OH)+ + OH- 

Ca(OH)+ = Ca2+ + OH- 

Limestone Dissolution: 

CaC03(* + H+ = Caz+ + HC03- 

Reaction with Dissolved SOz: 

Caz+ + HSO3- = CaSO3(, + H+ 

Caz+ + so32- = CaSo3(* 

(7-4) 

(7-5) 

(7-6) 
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CaS03(q) + %HzO = CaS03 1L;H20(s) (7-9) 

Oxidation: 

HS03- + % 0 2  = + H+ (7-10) 

Caz++ CaSO,, (7-1 1) 

CaSO,,,) + 2H20 = CaS04 2HZ0,) (7-12) 

Coprecipitation: 

Caz+ + (1 - x)SO~~-  + xSO,~- + %HzO = Ca(S03)1 %H20(s) (7-13) 

Liberation of COz (from limestone): 

C032- + H+ = HC03- (7-14) 

HC03- + H+= HzCO3(4 (7-15) 

H2CO3(4 = COZO + HZO (7-16) 

Equilibrium conditions for reactions 7-2 and 7-3 (sulfitehisulfite distribution) and for 
reactions 7-14 and 7-15 (carbonatehicarbonate distribution) are defined by the curves of 
E'igure 7-7 (Head, 1977). Equations for calculating equilibrium constants for reactions 7-1 
through 7-5 and 7-8 as a function of temperature, at zero ion strength, have been compiled 
by Pasiuk-Bronikowska and Rudzinski (1991). 

Solubility Product Constants. The dissolution and precipitation of solid species involved 
in equations 7-9, 7-12, and 7-13 are governed primarily by solubility although supersatura- 
tion, which can cause gypsum scaling, occurs under some conditions. For relatively insolu- 
ble salts, solubility is best expressed in terms of the solubility product, which, for salts con- 
taining one cation and one anion, is simply the product of the activities of the ions in the 
saturated solution expressed as moles per 1,000 grams of solution. At the low concentrations 
of interest, the activity is approximately equal to the molar concentration, moles per liter 
(M). Typical solubility product values are given in the Table 7-14. 

The solubility product constants are useful in evaluating the effect of changing the con- 
centration of other components in the solution. For example, increasing the concentration of 
sulfite ion by adding a soluble sulfite salt will cause the concentration of calcium ions in the 
solution to decrease (at saturation) in order to maintain a constant solubility product. As indi- 
cated by Figure 7-7, decreasing pH has the effect of decreasing the concentrations of S03z- 
and C03" in solution, thereby increasing the concentration of calcium ions at saturation. As 
a result, the solubility of calcium sulfite, for example, varies from about 0.001 M at a pH of 
6 to over 0.1 at a pH of 4.5 (Hudson, 1980). 

SO, Absorption Mechanism. The individual steps involved in the removal of SO2 from 
gas streams by the limestonefime process may be summarized as follows: 
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7-7. Bisulfite-sulfite and bicarbonate-carbonate distributions as a function of pH. 

Table 7-14 
Typical Solubility Product Values 

salt 
Solubility Product 

at Temperature Noted, M? 

cas03 mzo 

CaSO, - 2H20 (gypsum) 

CaC03 (calcite) 

I MgS03 3HzO 
MgS03 6HzO 

2.76 x lW7 (40°C) 
6.8 x 10-8 (50°C) 
1.20 x lod (40°C) 

0.99 x 10-* (15OC) 
0.87 x 10-8 (25°C) 
5.07 x (50°C) 
8.14 x (50°C) 

2.20 x 10-5 (500~) 

I Source: Faist et al. (1981) and Hudson (1980) 
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1. Transfer of SO2 in the gas phase to the gadliquid interface 
2. Dissolving SO2 into water at the interface 
3. Ionization of dissolved SOz (Note: Hydrolysis of dissolved SO2 to form sulfurous acid 

molecules in solution is often included as a step, but there is no strong evidence of its 
existence (Jolly, 1966; Nannen et al., 1974) 

4. Transfer of H+, HS03-, and S032- ions from the interface into the liquid interior 
5. Dissolving and ionization of Ca(OH)2 or CaC03 to form Ca2+ 
6. Reaction of Ca% with S032- and HS03- to form CaS03 in solution 
7. Precipitation of Cas03 !4HzO 
8..Dissolving Oz in water at the i n t d c e  
9. Transfer of dissolved 0 2  from the interface into the liquid interior 

10. Oxidation of sulfite ions to sulfate ions 
11. Reaction of Ca2+ with SOZ- to form Cas04 in solution 
12. Precipitation of CaSO, 2Hz0 
13. Co-precipitation of Ca(S03),-x(S04), %HzO 

Research indicates that the rate controlling mechauisms for SO, absorptiw are usually step 
1, gas phase mass transfer of S02;  step 4, liquid phase mass transfer; and step 5, dissolving 
CaC03. In the ideal case, steps 4 and 5 are sufficiently fast that gas phase mass transfer is con- 
trolling.  the^ is evidence that this case is approached at low flue gas SO, concentrations and 
relatively high solution pH. High SO2 removal efficiencies are attained under these conditions. 

The efficiency of SO2 removal is generally lower at high SO2 concentrations in the gas 
(greater than about 3,000 ppm) because, at high concentrations, the quantity of SO2 in solu- 
tion at the gas-Iiquid interface exceeds the amount of available alkalinity, causing a decrease 
in pH. It is apparent from equation 7-2 that a decrease in pH (increase in hydrogen ion con- 
centration) will drive the reaction to the left, increasing the amount of dissolved SO2 in solu- 
tion and decreasing the rate of SOz absorption. 

Absorption Enhancement. The problem of pH reduction near the interface can be miti- 
gated by the use of an additive, which buffers the solution so that its pH is not drastically 
reduced by the addition of an acid former (in this case S02). Typical buffers that have been 
employed in wet limestone FGD plants are weak organic acids such as DBA (a mixture of 
dibasic acids containing adipic, glutaric, and succinic acids) and f d c  acid. DBA is more 
effective on a molar basis than formic acid because it is dibasic with buffering pHs of 4.3 
and 5.5. Formic acid buffers at a single pH of 3.75 (Stevens et al., 1991). 

Jankura et al. (1991) give the following equations for the buffering action of a typical 
organic acid (adipic): 

Dissociation: 

H-Ad-H + 20H- = Ad2- + 2HzO (7-17) 

Sulfur Dioxide Absorption: 

2SOz + 2H20 = 2H- + 2HS03- (7- 18) 

Buffering Effect: 
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Adz + 2H+ = H-Ad-H (7-19) 

The symbol Ad represents the adipate radical. Adipate ions in solution combine with 
hydrogen ions to form adipic acid molecules that remain in solution but are not ionized, 
thereby preventing the hydrogen ion concentration (acidity) from increasing as SOz is 
absorbed and improving the SO2 removal efficiency. 

Formic acid acts in a similar manner in stabhing the pH, howwer, it diffm from other 
carboxylic acids used as buffering agents in several important respects: (1) it is less expensive 
than other pure acids on a weight or molar equivalent basis, (2) it can be purchased, stored, 
and added as a neutral salt such as sodium formate, and (3) it has the unique ability to inhibit 
sulfite oxidation while improving sulfur dioxide absorption efficiency (Mom et al., 1990). 

Magnesium has been found to have a significant effect on sulfur dioxide absorption, par- 
ticularly in lime-based systems. According to Benson (1985), this effect is due to high alka- 
linity in magnesium-enhanced scrubbing liquors caused by both an increased concentration 
of S03z- and the formation of MgS03O ion pairs. The increased concentration of is the 
result of the much higher solubility product of magnesium sulfite compared to calcium sul- 
fite. See TabIe 7-14. An additional benefit of magnesium in lime-based systems with moder- 
ate oxidation is a reduction in gypsum scaling potential. This occurs because the increased 
concentration of S03z- decreases the concentration of Ca% (to maintain a constant solubility 
product for calcium sulfite), thereby decreasing the product of the concentrations of Caz+ and 
S04z- to a level below that required to precipitate gypsum scale. 

Solids Deposition. The precipitation of insoluble salts is a key chemical reaction in lims 
stone-lime scnibbing. It affects scaling of equipment, dewatering of byproduct, and mar- 
ketability/disposability of the byproduct. Gypsum scaling has been a major industrial prob- 
lem in the past; but, according to Moser and Owens (1991), the current understanding of 
process chemistry should be adequate to essentially eliminate scaling as a problem in future 
operations. These authors describe the following approaches to minimize scaling in lime- 
stone-lime systems: 

1. Forced oxidation to convert most of the sulfite to sulfate in conjunction with maintaining 

2. Inhibition of oxidation to minimize the formation of sulfate to a level that can be removed 

3. Modification of crystal formation by the use of an additive that alters the supersaturation 

an adequate inventory of gypsum seed crystals in the slurry. 

by mprecipitation of calcium sulfate with calcium sulfite. 

at which gypsum nucleation occurs. 

The first two approaches are widely used, while only one commercial application of the third 
approach is reported. 

Gypsum is known to form supersaturated solutions in water. At concentrations above 1.3 
to 1.4 times saturation, nucleation occurs resulting in scale deposition on any available sur- 
faces. When large quantities of gypsum crystals are suspended in the solution (above about 
70% oxidation level), supersaturation does not occur, and gypsum preferentially deposits as 
crystal growth on the existing crystals. This characteristic can be utilized to minimize scaling 
by injecting air into the slurry and by recycling of slurry containing gypsum crystals. Inject- 
ing air forces oxidation of sulfite to sulfate ensuring an adequate supply of calcium sulfate, 
and recycling slurry provides an excess of crystal surfaces as sites for deposition. 
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An alternative approach for the prevention of calcium sulfate scale deposition is to operate 
with a solution less than saturated with respect to CaSO,+ This can be accomplished by con- 
tinuously removing CaS04 from solution as a co-precipitate with calcium sulfite at a rate 
which is equal to that at which it is formed by oxidation. Up to about 15 mol % sulfate can 
be incorporated into the calcium sulfite crystals as a solid solution (Radian Corp., 1976). 
Therefore, if oxidation can be maintained at a rate less than 15% of the rate of formation of 
new sulfite, absorber operation free of gypsum deposition is possible. A convenient tech- 
nique to assure this mode of operation is oxidation inhibition. 

Oxidation Inhibition Chemism. The most commonly used additive to inhibit oxidation 
is thiosulfate. This ion was initially added to FGD systems in the form of sodium thiosulfate 
solution. However, in late 1987, tests at an operating utility plant demonstrated that elemen- 
tal sulfur could be used at a cost which is only about 20% of the cost of adding sodium thio- 
sulfate (Moser et al., 1990). The sulfur is converted to thiosulfate by the following reaction. 
Conversion efficiency is on the order of 50%: 

S + S032-  = SZO3'- (7-20) 

Lee et al. (1990) found that alkaline hydrolysis of sulfur under slakerfime tank conditions 
in lime-based wet FGD plants resulted in much more effective conversion of sulfur to thio- 
sulfate than is possible in limestone-based systems. 

Thiosulfate is believed to inhibit sulfite oxidation by reacting with free radicals generated 
in the chain reactions involved in sulfite oxidation. The chain reactions are catalyzed by tran- 
sition metal ions such as Fe3+, and the use of a chelating agent such as ethylenediaminete- 
traacetate (EDTA) to remove the metal ions has been shown to augment the oxidation inhibi- 
tion properties of thiosulfate (Maller et al., 1990). 

Chloride Effects. The effect of a high chloride ion concentration in the scrubbing liquor is 
of increasing importance because of the trend toward tightly closed water loops in FGD sys- 
tems. The chloride may originate from the coal (and be introduced as HC1 in the flue gas) or 
enter with the make-up water. The former source ends up as calcium chloride in the scrubber 
liquor, while the make-up water is more apt to contribute sodium chloride. Technically, both 
sources provide the same anion (chloride) but different cations. Because of its widespread 
presence in scrubbing liquors, extensive experimental work has been performed on the 
effects of chloride on SO2 absorption (Rader et al., 1982; Downs et al., 1983; Laslo et al., 
1983; Laslo and Bakke, 1983; and Chang, 1984). 

The 1984 Chang report is quite comprehensive and presents the results of a series of tests 
conducted in a 0.1 MW, FGD pilot plant which employs a threestage turbulent contact 
absorber (TCA). In addition to experimental data, the report includes a discussion of the 
chemical reactions and mass transfer phenomena involved. The theory shows, for example, 
that increasing the Cl- ion concentration from 200 to 100,OOO ppm (in the form of CaC12) 
reduces the total alkalinity (HC03-, CaHC03+, SO3", and CaS03) by over 40%. The 
decreased alkalinity would be expected to decrease the rate of reaction of dissolved SOz, 
causing a decrease in the liquid phase mass transfer rate and, therefore, a reduction in SO2 
removal efficiency. 

The experimental results are in general agreement with the theoretical model. The 
observed effects of chloride concentration on SOz removal efficiency for a limestone-based 
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system scrubbing a gas containing about 2,500 ppm SO2 am s . 3d in Figore 7-8. The 
results show that the cation associated with the chloride has a major influence on system per- 
formance. Calcium chloride has the most severe effect on SO, removal efficiency in either 
the natural or forced oxidation modes. Magnesium and sodium chlorides have various effects 
as shown in the figure. However, both have slightly beneficial or zero effect at moderate 
chloride ion concentrations. 

In addition to decreasing SO2 removal efficiency, the accumulation of calcium chloride in 
the limestone slurry causes a decrease in pH, an occasional decrease in slurry settling rate, 
and an increase in gypsum scaling potential. DBA was found to be very effective in counter- 
acting the effect of calcium chloride on SO2 removal efficiency. However, as the concentra- 
tion of calcium chloride increases in the slurry, higher DBA concentrations are needed to 
maintain a constant SO, removal efficiency. 

Calcium chloride was also found to reduce the S a  removal efficiency and system pH in a 
lime-based slurry scrubbing high SO2 concentration gas (about 2,500 ppm), but had no sig- 
nificant effect on low concentration gas (500 ppm SOa) (Chang, 1984). 

Computer Models. Numerous computer programs have been developed to simulate lime- 
stondime FGD processes and aid in the design of plants. Some of the programs are propri- 
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Figure-7-8. Comparlson of SO2 removal efficiency as a function of the slurry chlorlde 
ion concentration for natural and forced oxidation conditions and three sources of 
chloride in a limestone-based FGD system. Data of chang (798#) 
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etary and are used for the design of licensed versions of the process. An early database 
model, the Bechtel-Modified Radian Equilibrium Program, (BMREP), provides activity 
coefficients and equilibrium constants for FGD species (Henzel et al., 1982). This program 
calculates solution equilibria in an overall Slurry Scrubber Model that predicts scrubber per- 
formance and absorber sumpheaction tank compositions based on process chemistry. Gage 
and Rochelle (1990) describe successful tests of the Slurry Scrubber Model versus a pilot 
plant study involving various types and grinds of limestone. 

Probably the most comprehensive, available program is FGDPRISM (Flue Gas Desulfur- 
ization Process Integration and Simulation Model) recently developed by the Electric Power 
Research Institute (Noblett et al., 1990; Noblett et al., 1991). The model can simulate spray 
and tray type absorbem as well as complete systems; perForm material balances and equilib- 
rium calculations; and evaluate various alternatives such as: natural and forced oxidation, 
magnesium enhancement of lime systems, and dual-loop limestone systems. The program 
can be used as an aid to design new systems. It can also be used as a tool to analyze laborato- 
ry and pilot scale data; to evaluate proposed changes to an existing full scale system (chemi- 
cal and/or mechanical modifications); and to assess vendor bids with regard to SO2 removal 
capability, scaling potential, and flexibility. To obtain accurate results it is necessary to cali- 
brate the model with existing plant data or a database from similar designs. 

Sorbent Selection 

The choice between lime or limestone is largely an economical one, as both reagents can 
normally accomplish the required SO2 removal efficiency. Table 7-13 compares the advan- 
tages and disadvantages of lime vs. limestone. As indicated in Table 7-10, limestone process 
operating costs are generally lower than lime and because of this and other factors, limestone 
is usually the preferred sorbent. The use of a fly ash slurry, on the other hand, requires that 
the coal being burned have an ash with a relatively high concentration of alkaline metal 
oxides (e.g.. CaO or MgO) and a relatively low sulfur content. Generally, the coals best suit- 
ed to alkaline fly ash scrubbing are the western lignites and subbituminous coals (Kaplan and 
Maxwell, 1977). 

Limestones may be characterized as (1) high-calcium limestones containing at least 95% 
CaCO,; (2) high-magnesium limestones which are predominately CaCO, but contain over 
5% MgCO,; and (3) dolomitic limestones containing CaCO, and MgC0, in approximately 
equal molar concentrations. The first of these categories is the best for use as uncalcined 
limestone, the second is less effective, and the third is generally not suitable. MgC03 is rela- 
tively unreactive and can also render some of the calcium unreactive in the form of MgC03 
CaC03 (dolomite) crystals. However, when limestone containing MgC0, is calcined, the 
magnesium content is converted to a soluble, reactive form. As previously discussed, the 
presence of magnesium ions in the scrubbing solution greatly improves process operation. 

There are no universally accepted models for choosing a particular limestone. Key factors 
in the limestone selection decision are delivered cost, limestone hardness, and composition. 
Because limestone cost is a major operating expense of a wet limestone FGD system, it is an 
area where substantial cost savings are possible. Recent ongoing work under EPRI sponsor- 
ship has shown that selection of a limestone or limestones for a given application can 
involve the following (Jarvis et al., 1991): 

Preliminary screening of limestone supplies to identify candidate limestones and to deter- 
mine delivered costs and availabilities. 
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Chemical analysis to determine the limestone composition: calcium carbonate, solid solu- 
tion (soluble) magnesium carbonate, dolomite, and inerts (acid insolubles), etc. This infor- 
mation is used to make a preliminary estimate of limestone and disposal costs, to determine 
the impact of the inerts and dolomite on the gypsum byproduct composition, and to make a 
preliminary estimate of magnesium availability. Solid solution magnesium (magnesium not 
present as dolomite) generally improves FGD system performance. Dolomite is relatively 
insoluble, decreases carbonate utilization, and can render a gypsum byproduct unsuitable 
for wallboard manufacture. Species such as iron, silicon, and aluminum can also adversely 
affect scrubber operation under some circumstances. 
Grindability testing to estimate the Grindability Index and the Bond Work Index allows 
estimation of the equipment size, grinding energy costs, and the limestone particle distribu- 
tion. It may not always be possible or desirable to grind all limestones to the same degree. 
Increasing the fineness of the grind results in a higher limestone utilization at constant pH. 
Alternatively, increasing the fineness can be used to provide higher SO, removal at con- 
stant limestone utilization (with increasing absorber feed pH) (Burke et al., 1990B). A 
grindability test procedure is described in EPRI Report (3-3612 (EPRI, 1988B). 
Reactivity measurement for input into a process performance model. Reactivity is a mea- 
sure of how quickly the limestone dissolves. Dissolved sulfite, magnesium, and aluminum 
fluoride complexes can inhibit limestone dissolution. The effect of sulfite can be particular- 
ly significant since it is a major constituent in wet limestone slurry. Aluminum fluoride, 
though not often present, can be significant in quantities as low as a few ppm (Farmer et 
al., 1987). Its presence in a wet limestoneflime FGD system is usually associated with 
upsets in the operation of the upstream particulate control system. EPRI has a licensable 
procedure for measuring limestone reactivity (Jarvis et al., 1991). 
Magnesium availability measurement to determine the available magnesium and the total 
available carbonate for input to the performance model. 
Process performance modeling using EPRI's FGDPRISM computer model (or another 
model) and the limestone characteristics to define the SO2 removal, the limestone utiliza- 
tion, and the byproduct composition. 
Economic analysis to rank the limestones. 

Magnesium-enhanced lime is usually acceptable as a sorbent if the magnesium oxide con- 
tent is between 3% and 8% and inerts are less than 5% with the balance being calcium oxide. 
Lesser amounts of magnesium oxide may be suitable with inhibited oxidation (Roden, 1992). 

Additives are compounds added to the slurry of a limestone or lime FGD system to 
improve performance, reliability, or operating flexibility. They can reduce costs for both new 
and existing FGD systems. Achieving high SO, removal efficiencies and reduction of gyp- 
sum scaling are the two main benefits obtained with additives. Improvement in solids 
byproduct characteristics by inhibiting oxidation is being demonstrated at one plant and may 
be commercially available in the near future. Possible negative aspects of additive use in 
FGD systems are the effects on air, water, and solid waste quality (Moser and Owens, 1991). 
Table 7-15 summarizes the uses of additives in wet limestone and wet lime FGD systems. 
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Magnesium Oxide, Dolomitic 
Lime 

sodium & Ammonium 
Thiosulfates, Sulfur, Sulfides & 
Polysulfides. 

Table 7-15 
Uses of Additives in Wet LimestoneAime FGD Systems 

Increase Increase 
liquid-phase liquid-phase 

alkalinity alkalinity 
(Magnesium enhanced lime) 

Inhibit oxidation Inhibit oxidation 

Type of FGD System 
Additives I Limestone Lime 

~~~~ ~ 

Organic Acids: Adipic Acid & 
Dibasic Acid (DBA), Badische 

Acid, Citric Acid, and Acetic 
Acid; Sodium & Calcium 
Formate. 

Ep-306 & EP-501, Formic 

~ ~~ 

Buffer pH Not Used 

Organic acids increase SOz removal efficiency and produce other performance enhance- 
ments in a limestone FGD system by buffering the pH of the scrubbing slurry. Organic acids 
are used in relatively low concentrations, e.g., adipic acid is used in concentrations of 
200-1,500 ppm, DBA in concentrations of 200-2,OOO ppm, and formate in concentrations of 
500 to 5,000 ppm (Blythe et al., 1991; Moser and Owens, 1991). The concentrations of 
organic acids used in actual applications are often in the lower parts of the above ranges. Cit- 
ric and acetic acids were used in the past; however, their use is no longer common. 

Until recently, the major impetus for the use of organic additives has been to boost the 
performance of FGD systems that fail to achieve SO2 compliance. Increases in SO2 removal 
efficiency of 5 to 20% have been reported. However, in addition to promoting high SO2 
removal efficiency, organic acids may reduce the quantity of limestone required, limestone 
grinding requirements, the volume of byproduct produced (less solid), and the required UG 
ratio. Possible secondary benefits include reduction in mist eliminator plugging, ability to 
operate the absorber at lower gas velocities resulting in less slurry carryover, i.e., by bypass- 
ing part of the untreated gas, and reduction in the amount of water required by lowering 
limestone stoichiometry. This can also lead to improved thickener per€ormance and reduced 
maintenance (Babcock & Wilcox, 1992B). 

Magnesium oxide and dolomitic lime (which contains magnesium oxide) cause the scrub- 
bing liquor of a lime FGD system to hold a larger inventory of liquid-phase alkalinity in the 
form of sulfite ions. This allows the design liquid-to-gas ratio to be reduced for the same SO2 
removal (Moser and Owens, 1991). Magnesium sulfte concentrations of 4,000 to 10,000 
ppm are used (Roden, 1992). Thiosulfate and similar additives inhibit oxidation of sulfite to 
sulfate in a limestone or lime system, which decreases gypsum scaling. Thiosulfate is used in 
relatively low concentrations, about 200 to 2,000 ppm (Moser et al., 1990). 
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Limestone systems are limited by the rate at which the solid dissolves. They are said to be 
“liquid-phase” limited. Certain species, such as magnesium (or sodium), which form more 
soluble sulfite salts than calcium, allow the liquor to hold a higher concentration of liquid- 
phase alkalinity in the form of sulfite ions. The magnesium suppresses the calcium in solu- 
tion and the liquid phase alkalinity is from the MgS03. Magnesium (or sodium) allows high- 
er SO2 removal efficiencies. Because lime is more soluble than limestone, wet lime FGD 
systems can operate at a higher pH, where the buffering effects of the small amounts of sul- 
fite present are more effective. Also, these systems operate at lower UGs. In the U S ,  nearly 
all of the lime systems on utility boilers use naturally occurring magnesium-enhanced lime 
as the sorbent, and in a sense contain their own built-in additive. Benson (1985) provides a 
more detailed explanation of the role of magnesium in increasing SO2 removal and improv- 
ing reliability in magnesium-enhanced FGD systems. 

At Associated Electric Cooperative’s Thomas Hill Unit 3, 12,000 to 14,000 ppm of mag- 
nesium in the limestone slurry was used to meet a 1.2 lb S02/million Btu emissions limit, but 
availability was unacceptable with this additive. The additive was switched to DBA and later 
to DBA and sodium formate (Moser and Owens, 1991; Roden, 1992). As of 1993, Public 
Service of Indiana’s Gibson Unit 5 was the only plant known to be using a magnesium addi- 
tive (dolomitic lime) to improve the operation of a limestone system. Sulfur is used with the 
dolomitic lime to inhibit oxidation. 

Prior to the mid-l980s, the primary technique utilized in the U.S. for combating gypsum 
scaling was forced oxidation. In effect, sparge air was the additive (Moser and Owens, 
1991). More recently, other additives have been successfully used to combat gypsum scal- 
ing. The most common has been thiosulfate, which reduces the formation of gypsum by 
inhibiting the oxidation of sulfite to sulfate. If forced oxidation is not employed, use of thio- 
sulfate/sulfur is desirable to minimize gypsum scaling (Babcock & Wilcox, 1992B). In 1992, 
it was reported that three full-scale, magnesium-enhanced lime FGD systems were using sul- 
fur to inhibit oxidation for crystal modification and consequent improved dewatering 
(Roden, 1992). 

Thiosulfate can be created in situ at reduced cost from emulsified sulfur. Emulsified sulfur 
is being used on about two dozen FGD systems in the U.S. A refinement is the use of small 
quantities of a chelating agent, ethylenediaminetetraacetate (EDTA), in conjunction with 
thiosulfate. This combination is being demonstrated on one full-scale FGD system (Moser 
and Owens, 1991; Blythe et al., 1991). An added benefit of thiosulfate addition is that, at 
sufficiently low oxidation levels, significant improvement in byproduct dewatering occurs 
due to the improvement in calcium sulfite particle morphology. At Arizona Public Service’s 
Four Comers Station, Units 4 and 5 (1,600 MW, total) have wet lime FGD systems. By 
adding thiosulfate, it was found that oxidation could be reduced from about 10% to 3-5%, 
allowing bypassing of the vacuum filters at virtually all conditions. Another apparent benefit 
associated with thiosulfate is a higher pH level for a given sorbent stoichiometry. This can 
result in either higher SO2 removal efficiency or reduced sorbent consumption (Babcock & 
Wilcox, 1992B). 

Currently, site-specific tests are often conducted to estimate the consumption and effects of 
additives (Moser and Owens, 1991). Some significant major process variables to examine 
when considering use of an additive are additive concentration, pH of the absorber feed slurry, 
and dissolved calcium concentration (Moser et al., 1990). Other important factors to consider 
in additive use are pH meter maintenance and operation, thickener operation, absorber and mist 
eliminator plugging, foaming (caused by soap-like impurities) in the recirculation tanks, sys- 
tem water balance, and corrosion of the additive feed system (Babcock & Wilcox, 1992B). 
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Capital costs for additive feed systems typically run less than 1% of the total FGD system 
capital cost, and operating costs for additives amount to about 1 to 2% of total operating 
costs. Benefits can partially or, in many cases, completely offset these additional costs 
(Moser and Owens, 1991). 

Absonber System Design 

The key factors affecting performance of the absorber system are the sorbent used (lime- 
stone or lime); liquidgas ratio; gas velocity; slurry pH; SO2 concentration in the gas; 
absorber design; solids concentration in the slurry; concentration of other components such 
as magnesium ions, chloride ions, and additives; and the degree of oxidation of the slurry. 
The stoichiometric ratio (moles of limestone or lime added per mole of SO2 absorbed) is 
often considered to be an important design parameter, but becomes a dependent variable if 
the pH of the entering slurry and other design factors are fiied. Compamtive values for these 
and other performance factors are given in Table 7-16. 

Table 7-16 
Comparative Operating Conditions for SO, Absorption 

by limestone and Lime Slurries in a Spray Tower 

Absorbent 

Limestone Limestone Limestone Lime 
withF.0. withDBA2,F.0. with1.0. with1.0. 

(Disposal Grade (Disposal Grade (Byproduct (Byproduct 
Fixated) Fixated) Gypsum) GYPsum) 

SO2 in Feed Gas, ppmw 
SOz Removal, % 
Solids in Slurry, % 
Gas Velocity, Wsec 
L/G, gd1,OOO cf 
pH of Feed Slurry 
Absorber Sumpkaction 

Tank Retention 
Time, min. 

Stoichiometric Ratio 
Magnesium Concentration 

(effective ppm) 
Chloride Concentration (ppm) 
CaSO, 2H20/(CaS03 

0.5H20 + CaSO, 2Hz0), 
lb/100 lb 

Final Byproduct Solids, wt % 

3,600 
90 
15 
10 
96 
5.3 

6 
1.1 

0 
0 

100 
85 

3,600 
90 
15 
10 
67 
5.3 

6 
1.1 

0 
0 

100 
85 

3,600 
90 
15 
10 
100 
5.8 

6 
1.1 

0 
0 

11.6 
80 

3,600 
90 
6 
10 
40 
6.5 

6 
1.1 

14,500 
0 

1.60 
63 

Notes: 
I .  Abbreviations: F.O. stands for Forced Oxidation, 1.0. for  Inhibited Oxidation, DBA for dibasic acid. 
2. DBA concentration is 1,270pprn in the recycle slurry, or about 20 lbhon of SO, removed 
3. This table should be used for comparative purposes only. 
Source: Keeth et al. (19918) 
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In general terms, individual parameters that increase SOz removal are 

Increasing the liquid flow rate 
Increasing the pH of the feed slurry 
Increasing the effective magnesium ion concentration 
Increasing the chloride ion concentration if pH is held constant 
Using an additive 

Effective magnesium ion concentration is defined here as the concentration in excess of that 
required to neutralize chloride ions. Increasing the chloride ion concentration with pH held 
constant is effective because it results in the addition of more limestone or lime to maintain the 
pH. The increase in SOz absorption attributed to chloride is actually the result of increasing sto- 
ichiometry. Increasing the gas flow rate and the inlet S q  concentration may either increase or 
decrease the SOz removal, depending on the type of system and the sorbent (Head, 1977). 

Numerous scrubber designs have been proposed for the limestoneflime process. The prin- 
cipal requirements are low pressure drop, freedom from plugging problems, adequate contact 
efficiency to meet the SOz removal requirements, and low cost. currently, the leading scrub- 
ber types are the spray and tray tower. Rod trays and static packed beds are used in some 
applications; however, venturi and mobile bed designs are no longer popular. The FGD & 
DeNO, Newsletter (1992A) and the FGD and DeNO, Manual (1978) provide some informa- 
tion on the design and use of rod scrubbers. A number of designs in current use are covered 
in a later section of this chapter titled “Process Variations.” 

While computer programs such as FGDPRISM are widely used, a simplified approach for 
sizing FGD absorbers is the use of an overall volumetric gas film mass transfer coefficient 
and a logarithmic mean driving force for the transfer of SOz from the gas phase to the liquid. 
The model assumes a linear operating line, negligible equilibrium partial pressure of SO2 
over the slurry, and atmospheric pressure operation of the absorber. The use of this approach 
for a GEESI limestone system spray tower is described by Saleem (1991B). The rate of SO2 
absorption in the tower is defined as follows: 

R=G(Y, -Yz)=Ga*V.(Y1 -Yz)/ln(Yl/Yd (7-21) 

Where: R = rate of SOz absorption, mole& 
G = flue gas flow rate, mole& 

Y Yz = absorber inlet and outlet SOz concentrations, respectively, moles 

V = effective volume of the absorber, ft3 
SOz/mole flue gas 

K,a = overall volumetric mass transfer coefficient, moles/hr-ft3 

GEESI has refined and calibrated the model on numerous commercial spray towers. 
Equation 7-21 can be written in terms of the SOz removal efficiency (E): 

Kga = (GN) In[ 1/( l-E./100)1 (7-22) 

Where: E = (1 - SOz out/SOz in) 100 
SOz in = SOz in inlet gas, lb/l@ Btu or other consistent unit 

SOz out = SOz in outlet gas, lb/106 Btu or other consistent unit 
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Etquation 7-22 can be used to predict the efficiency when the overall mass transfer coeffi- 
cient for a given absorber is known. The overall mass transfer coefficient is experimentally 
determined from pilot plant and full-sized units. For the GEES1 open spray tower, the overall 
mass transfer coefficient, Kga, has been correlated to three variables: gas velocity, liquid 
density, and inlet SOz concentration: 

%a = C Urn Ln/YIP (7-23) 

Where: C = proportionality constant 
U = gas velocity, f p s  
L = liquid spray density, gpm/f$ of tower 

m, n, p = correlation coefficients 

With this model, pH and droplet size are not variables in the equations. The pH is main- 
tained in a given range to produce a negligible SOz back pressure for efficient absorption. 
Droplet size, which is somewhat indeterminate due to significant collision and agglomera- 
tion in the spray zone, is maintained by other means (Saleem, 1991B). The effects of magne- 
sium, chlorides, and other impurities must also be taken into account. 

Limestone systems must be appropriately designed to be free of plugging and scaling. 
This involves a number of considerations. The reaction tank size must be selected large 
enough and the liquid-to-gas ratio high enough to avoid supersaturation of calcium sulfite 
and calcium sulfate, which can cause uncontrolled precipitation. Sufficient seed crystals 
must be present in the slurry to enhance the precipitation rate and to provide host sites for 
preferential precipitation. Retention time in the absorber sump/reaction tank must be ade- 
quate for precipitation to occur. The absorber must be designed to accommodate scaling that 
can occur under upset conditions. A high sorbent utilization rate is important to prevent scal- 
ing of the mist eliminatom Scaling in mist eliminators occurs as a result of excess limestone 
in the entrained slurry droplets reacting with residual SG. The reaction product forms 
deposits on the mist eliminator surfaces and can obstruct mist eliminator gas passages. This 
can lead to higher velocity through the mist eliminator, decreased mist eliminator perfor- 
mance, and increased pressure drop (Saleem, 1991B). 

Process controls are important to maintain pH, slurry density, and water balance. SOz 
removal efficiency is maintained by pH control. Scaling and crystal growth are regulated by 
control of the slurry density. The rates of blowdown and maximum mist eliminator washing 
are functions of water balance control. These controls are normally automated and feed-for- 
ward control can be incorporated (Saleem, 1991B). 
FGD system reliability involves sparing of components such as pumps, the sorbent prepara- 

tion system, the dewatering system, pH and density meters, etc. With absorber modules, spar- 
ing involves use of complex flue gas path manifolds and troublesome dampers. As a result, 
there is a growing bmd toward single absorber modules, which greatly simplifies the flue gas 
system. A number of very large single absorber train systems have been built, and the use of 
single absorber modules is common practice outside the United States (Saleem, 1991B). 

Slurry from the SO2 absorption step flows into the sump of the absorber vessel or one or 
more reaction tanks, where the following occur: 



520 Gas Purijication 

1. Dissolution of the added limestone or lime 
2. Reaction to form and precipitate calcium sulfite and co-precipitate calcium sulfite and sul- 

3. Absorption of oxygen (in forced oxidation systems) 
4. Precipitation of calcium sulfate 

fate 

In wet limestone FGD systems, the complete oxidation to calcium sulfate normally 
requires the introduction of a step that is optimized for oxygen absorption. In this step, air is 
bubbled into the absorber sumplreaction tank to provide forced oxidation. Due to the low 
solubility of oxygen in water, forced oxidation is aided by extended liquid residence time. 
Increased residence time generally also increases limestone utilization (Head, 1977). Many 
newer limestoneflie FGD systems operate with 6 to 10 minutes residence time in the reac- 
tion tank. This is lower than used in some early systems where residence times were 10 to 40 
minutes. The main difference is that current designs are based on a better understanding of 
the FGD chemistry. 

During the 1970s, forced oxidation for gypsum production was exclusively carried out in a 
separate oxidation vessel. It was believed that the low pH required for efficient oxidation 
could best be generated in an external vessel by addition of sulfuric acid or use of flue gas. 
Therefore, the process of SO2 absorption and gypsum production were considered incompat- 
ible due to the relatively high pH needed for efficient SO2 absorption and the low pH needed 
for efficient oxidation. A large number of FGD plants were, therefore, built using the exter- 
nal forced oxidation process (Saleem, 1991A). 

A better understanding of oxidation kinetics has led to the development of in situ forced 
oxidation in which both SO2 absorption and oxidation steps are carried out in the same ves- 
sel without the need for external oxidizers and sulfuric acid addition. The sump of the 
absorber is the reaction tank. Because of simplicity and lower costs, in situ forced oxidation 
has become the worldwide standard for gypsum production. 

Borgwardt (1977) and Hudson (1980) give the results of extensive experimental studies on 
oxidation in FGD systems. These results and other data from operating systems lead to the 
following conclusions on the requirements for effective forced oxidation by air sparging: 

1. The pH in the reaction tank must be low (usually in the range of 5-5.8) to ensure nearly 
100% oxidation to sulfate. The exact pH used depends on the process and site specific fac- 
tors. High chloride limestone systems can have a pH as low as 4.8, and some fly ash sys- 
tems a pH as low as 4. At low pH, the sulfite crystals dissolve and the resulting ions are 
oxidized to form gypsum. Complete sulfite oxidation results in a near zero SOz equilibri- 
um vapor pressure. Therefore, SOz removal can be high in spite of the low pH. High lime- 
stone utilization is required to achieve the low pH. In any event, gypsum specifications 
usually call for less than 5% impurities in the gypsum byproduct. Since limestone usually 
contains a significant amount of impurities, the limestone utilization must be high to meet 
the gypsum purity specification. 

2. The air sparging rate is usually about 3 times the stoichiometric amount to ensure high 
conversion of S03z- to s042-. 

3. Increased slurry depth increases air bubble residence time in the absorber sumplreaction 
tank and thereby oxygen utilization. However, the power required to inject air increases 
with depth. Increased depth with constant tank diameter also increases slurry residence 
time, which may increase oxygen utilization and gypsum crystal size. 
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4. As discussed in the Basic Chemistry section, it is necessary to keep the calcium sulfate 
relative saturation less than about 1.35 to induce precipitation on seed crystals rather than 
on equipment. 

5. The need for agitation of the absorber sump/reaction tank contents varies with individual 
designs. 

Suspended solid particles, which consist primarily of calcium sulfate, calcium sulfite, and 
unreacted absorbent, are continuously withdrawn from the absorber sump/reaction tank and 
processed to concentrate the solids to produce the final byproduct. With ~tural  oxidation, 
the solids are typically removed by gravity settling in a thickener forming a thick product 
containing 35% to 45% solids. This slurry can be pumped to storage ponds or further 
processed by secondary dewatering with vacuum filters or centrifuges. The byproduct may 
be further treated to improve handling and ultimate disposal. With forced oxidation, the gyp- 
sum crystals are relatively large and primary dewatering can be accomplished by hydrocy- 
clones followed by secondary dewatering with filters or centrifuges. Ponding or stacking is 
also possible. Salable gypsum, however, requires washing during the secondary dewatering 
step to remove soluble salts such as chlorides, thus resulting in the need for a water blow- 
down to purge these salts from the system (Saleem, 1991B). With inhibited oxidation, the 
use of thiosulfate as an additive at the wet lime FGD systems at Four Comers Station Units 4 
and 5 was found to reduce oxidation of sulfite to sulfate and to also improve dewatering 
characteristics sufficiently to allow bypassing of the vacuum filters at virtually all conditions 
(Babcock & Wilcox, 1992B). 

Byproduct Disposal 

The characteristics of the final byproduct from wet limestoneflime FGD systems can vary 
widely, depending primarily on the degree of oxidation to gypsum, the method of removal 
from the absorption circuit, and subsequent handling procedures. Tables 7-17 and 7-18 give 
some typical characteristics of the byproduct from forced and natural oxidation 
1imestoneAime FGD plants. Insufficient published data are available to provide comparable 
information on byproduct from inhibited oxidation FGD systems. Table 7-17 also includes 
data on the characteristics of lime spray dryer byproduct (which is generally highly oxidized) 
for comparison with forced oxidation wet limestoneflime FGD byproduct. 

The moisture content of the filtered and stacked byproduct from a forced oxidation system 
is 35% (dry basis), as shown in Table 7-17. This high value is reported to be due to rainfall 
accumulation, and is not typical, as many forced oxidation systems produce a filtered and 
stacked byproduct containing 13-17% moisture (dry basis). For wallboard applications, low 
moisture content is required to minimize the amount of energy needed to evaporate the 
water. FGD suppliers typically claim the capability of producing 612% moisture content 
material to meet this requirement. 

The forced oxidation byproduct, which is primarily gypsum, has better structural and land- 
fill properties than the natural oxidation byproduct, as indicated by the data of Tables 7-17 
and 7-18, and it probably also has better properties than the inhibited oxidation byproduct. 
Tests have shown that conversion to gypsum eliminates the liquefiable property of the natu- 
rally oxidized byproduct and permits the generation of filtercakes of very low water content. 
Scanning electron microscope photographs show that the oxidation process converts the 
crystal structure from flat plate-like CaSO3 !4Hz0 crystals to dense monoclinic CaSO, 
2Hz0 (gypsum) crystals (Gdwin ,  1978). 
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Table 7-1 7 
Typical FGD Forced Oxidation (and Lime Spray Dryer) Byproduct Characteristics 

Characteristifioperty 

Densities (lb/ft3 ma): 
Bulk Aerated poured) 
Bulk Settled, Dry 
Bulk Settled, Wet 
Particle 

Moisture 
(lb moisture/lOO 
lb dry bvuroduct) 

Permeability, (cdsec) 

Unconfined Compressive 
Strength, Average (psi) 

Leachate uH 
Toxicity: RCRA Extraction 

Notes: 

Procedure (EP): 

Wet LimestoneLime FGD Byproduct 
(Oxidized to Gypsum) 

Untreated Blended 
Settled Filtered& with 

(Ponded) Stacked Fly Ash Stabilized 

- - - - 
60.5 81.5 94.0 99.2 
96.6 110.4 108.1 115.4 
- - - - 

60.2 35.1 15.0 16.3 

8.0 x 10-5 1.0 x 165 1.0 x 10-6 5.0 x io-g 

12 31 66 278 @ lmo. 
1364 @ 4ma 

2.8 to 12.8 2.8 to 12.8 2.8 to 12.8 2.8 to 12.8 

Note3 Note3 Note3 Note 3 

L i e  
Spray Dryer 
with western 

coals 

36 to 60 
49 to 78 
71 to 104 
143 to 175 

16 to 38 
(Note 2) 

3.1 x 10-9 to 
1.6 x 10-7 

140 to 900 

9.7 to 12.8 

(on-Hazardous 

1. Wet limestone/lime bypmduct values are from Physical Evaluation of FGD Byproducts by Smith (1992A) of 
Conversion Systems, Inc. (CSI) except for the leachate pH and toxiciv a b ,  which arefrom EPRI Report FP- 
977, p .  7-7 & 7-8 (Duval et a€, 1979). Spmy dryer byproduct values are from the EPRI (1988.4) Report CS- 
5782. 

2. Range of optimum values for compaction. Actual optimum value depends on byproduct properties. 
3. The determination of whether or not a particular byproduct is haulrdous under the EPA definition should be 

d e  on a case-by-case basis (EPRIReport FP-977p. 7-2 & 7-7). (Duval et aL, 1979) 

At Georgia Power’s Yaks plant, slurry from the Chiyoda CT-121 scrubber (a forced oxi- 
dation system) is continuously withdrawn, and the crystals are separated from the water 
using a “stacking method” first developed in the phosphate fertilizer industry. With this tech- 
nique, a dragline digs naturally sedimented gypsum from the bottom of the stack. This mate- 
rial is then used to build a dike around the edge of the stack. Gypsum-containing slurry flows 
to the diked area where gravity causes the gypsum solids to settle while clear liquid flows to 
a recycle water pond (FGD & DeNO, Newsletter, 1993B). 

Byproduct from natural oxidation FGD systems tends to form a dilute sludge which pre- 
sents a difficult disposal problem if not treated. The material has a high viscosity at low 
shear rates, which causes plugging, and tends to remain liquefied when the shear force is 
removed unless it is further dewatered. This makes land disposal somewhat complicated 
(Rossoff and Rossi, 1974; Jones, 1977). In addition, the high water content of naturally oxi- 
dized byproduct increases both the FGD system water consumption and the volume of 
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Table 7-18 
Typical FGD Natural Oxidation Byproduct Characteristics 

Wet Limestonenime FGD 
Byproduct (Naturally Oxidized) 

CharacteristidProperty Untreated Blended 
Settled with 

(Ponded) Filtered FlyAsh Stabilized 
Reference (note 1) A B C D 

Densities (lb/ft3 max): 
Bulk Aerated poured) 
Bulk Settled, Dry 
Bulk Settled, Wet 
Particle 

Moisture 
(lb moisturd100 
lb dry byproduct) 

Permeability, (cdsec) 
Immediate 

After Curing 

Unconfined Compressive 
Strength, Average (psi) 

Leachate pH 

Toxicity: RCRA Extraction 
Procedure (EP): 

- 
22 to 33 
71 to 73 
- 

122 to 184 

1 x io4 to 
1 x 1 ~ 5  

- 

0 

Note 2 

Note 3 

- 
- 
- 
- 

100 to 150 

Free 
Draining 

- 

0 

Note 2 

Note 3 

- 
- 
- 
- 

25 to 82 

7 x IC5 

7 x 1C5 

0 to 10 

Note 2 

Note 3 

- 
52 to 73 
90 to 107 
- 

47 to 73 

4 x 1 0 6 t o  
7 x  lo4 

5 x IC6 to 
1 x 10-7 

20 to 1140 

Note 2 

Note 3 
Notes: 
1. A and D values are previously unpublished data from Conversions Systems. Inc. (CSl) based on testing 

for 20 clients (Smith, 1992B); Band C values are from CSL Sludge Disposal by Stabilization-Why? 
(Smith, 1977) 

2. Leachate pH information is not available. 
3. The determination of whether or not a pariicular byprcduct is hazardous under the EPA definition 

should be made on a case-by-case basis (EPRI Reporr FP-977p. 7-2 & 7-7). (Duval et al., 1979) 

byproduct requiring disposal. Physical instability of this byproduct is primarily caused by 
small platelet or needle-like crystals of calcium sulfite hemihydrate, which settle very slowly 
and trap water even when filtered. Four methods are used for improving dewatering: (1) 
adding dry solids (i.e., fly ash), (2) using more effective dewatering equipment, (3) control- 
ling crystal size, and (4) oxidizing to obtain gypsum (Jones, 1977). Many operators are opt- 
ing for forced oxidation due to disposal difficulties with the naturally oxidized byproduct 
and other benefits from forced oxidation, such as reduced scaling in the absorber and possi- 
bly greater tolerance for chlorides. 
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There are a number of proprietary processes used to treat the naturally oxidized byproduct 
so that it can be used as landfill or disposed of without containment. Treatment is usually 
accomplished by the addition of fly ash and/or lime. Usually, both lime and fly ash are 
employed. Some fly ashes, such as those from lignite, naturally contain sufficient lime to 
adequately treat the byproduct. These treatment processes generally harden the material to 
improve stability at disposal sites and bind the soluble constituents to minimize leaching. In 
addition to improving structural properties, treatment may eliminate the need to line the dis- 
posal pit with clay (Hilton, 1991). Encapsulation of the fly ash in a low permeability material 
by these processes may also be of value. 

Many older systems pond the natural byproduct (and coal ash). Usually, the slurried solids 
are pumped to the pond at a solids concentration less than 50%. The sluny either is the thick- 
ener underflow or comes directly from the scrubber, with the pond acting as the 
thickenerklarifier. Clarified liquor is usually returned to the scrubber (Jones, 1977). The two 
major environmental considerations with ponding are the potential water pollution problem 
associated with the soluble material and the land-degradation potential of non-settling or 
physically unstable solids. If the disposal site is to be reclaimed when the pond is retired, the 
retention of water in the byproduct is a serious concern. 

Most new wet limestonellime FGD plants in the U.S. dispose of the byproduct as landfill. 
It might be thought that chloride-laden water could be purged from the FGD system by rais- 
ing the amount of water in the discarded byproduct. However, leachate from the landfill is 
usually returned to the scrubber as a means of leachate disposal. If it is not recycled, the high 
chloride water can become a pollution problem. In either case, there is no net benefit in 
increasing the amount of water in the byproduct (Smith 1992B). 

The water pollution potential of FGD byproduct depends primarily on its chemical proper- 
ties, but is also affected by the physical properties (e.g., permeability) related to leachate 
generation. These properties vary widely with the coal, type of scrubber (limestone, lime, 
dual alkali), amount of unreacted sorbent in the byproduct, amount of ash in the byproduct, 
degree of dewatering, and degree of oxidation to sulfate. Potential pollutants are soluble met- 
als, chemical oxygen demand (COD) from the sulfites, excessive total dissolved solids 
(TDS), and excessive levels of other major chemical species (sulfate, chloride, magnesium, 
sodium). The concentrations tend to diminish with time due to the flushing out of the sol- 
ubles. The long-range pollution potential, after this initial flushing takes place, is based pri- 
marily on the solubility of calcium sulfate. Calcium sulfate is significantly more soluble than 
calcium sulfite in neutral pH water. Lining the disposal pit can (1) attenuate the pollution 
migration into the ground via ion exchange or adsorption, and/or (2) greatly reduce the rate 
of pollution migration due to the low permeability of the liner. Compacted soil, clay or a s p e  
cial liner may be used (Jones, 1977). The common use of impervious membranes (landfill 
liners) to block and return waste liquid serves to generate a substantial quantity of collected 
leachate that must be recycled to the FGD system or chemically treated before discharge 
(FGD & DeNO, Newsletter, 1993B). Another concern is contact of calcium sulfite with 
acidic water (e.g., acidic mine drainage), which can result in SO2 off-gassing. 

Regardless of the method of disposal, a number of important questions must be answered 
in the design of a byproduct disposal site-Is the byproduct considered to be hazardous by 
federal, state, or local authorities? Are landfill liners and/or monitoring wells required? Is a 
leachate collection system required? Will any processing of the byproduct be needed at the 
landfill or elsewhere? Is it necessary to treat the byproduct? Valuable information on the dis- 
posal of wet FGD byproducts is given in several publications. Knight et al. (1980) provide 
comprehensive information on byproduct disposal. Duval et al. (1978) give information that 
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is still current on the treatment of FGD byproduct. Garlanger and Ingra (1983A, B) evaluate 
engineering properties and wet stacking for the FGD byproduct from a TVA Widow’s Creek 
unit. Smith (1977) and Samanta (1977) present information on naturally oxidized byproduct 
comparing it to forced oxidation product, and Yu (1991) presents information on evaluating 
disposal methods for gypsum. 

Uses for FGD byproduct include construction of structural landfills; liners for liquid waste 
ponds; road bases; parking lots; and the manufacture of structural shapes, synthetic aggre- 
gates, and artificial reefs. Minnick (1983), EPRI (1987), Smith and Rau (1981), Henzel and 
Ellison (1990), and Smith (1992C) provide information on FGD byproduct uses. The usual 
U.S. practice of landfill disposal of FGD byproduct is in contrast to the practice in foreign 
countries. In Japan, due to the lack of natural gypsum, the gypsum produced by FGD sys- 
tems is used in wallboard manufacture. In Europe, waste disposal restrictions also favor the 
production of usable byproducts. 

Mist Elimination 

The elimination of fine droplets of entrained slurry from the gas leaving the absorber has 
proven to be a difficult problem, primarily due to the tendency of the recovered liquid to 
deposit solid material on the mist eliminator surfaces causing plugging and inefficient opera- 
tion. A number of points relevant to mist eliminator design and operation follow: 

1. The highest gas velocities and the best mist removal efficiencies are obtained with hori- 
zontal gas flow (vertically configured mist eliminator profiles). Removal of droplets 
down to 8 to 15 microns in size is possible, although 20 microns is more typical. The 
higher pressure drop associated with the high velocities used with this type mist elimina- 
tor increases operating cost. 

2. Vertical gas flow mist eliminators can provide adequate performance provided the pro- 
jected net face velocity is kept at least 10% below the droplet break-through velocity. 
Removal of droplets down to 38 to 40 microns in size is possible with this design. Mist 
particles generated by the slurry sprays and mist eliminator wash system are generally in 
the 50-100 micron range, therefore, low carryover rates (0.014.05 grainskf) are 
achievable. Most mist-eliminator systems are designed for vertical gas flow, including 
those for most scrubbers designed for compliance with Phase I of the Clean Air Act’s 
Title IV Acid Rain provisions. 

3. Actual gas velocity through the mist-eliminator section should be considered. This 
velocity can be as much as one-third higher than the superficial velocity in the scrubber 
vessel due to the cross-sectional area blanked off by mist-eliminator supports and other 
obstructions. 

4. The gas velocity distributions entering and exiting the mist eliminator should be as uni- 
form as possible. A good rule-of-thumb is for the maximum flow velocity to not vary 
from the arithmetic mean by more than +25%. Model studies to ensure that gas velocities 
do not exceed the maximum should be conducted for every installation. Absorbers with 
trays tend to have a slightly more uniform velocity distribution entering the mist elimina- 
tor. However, the recycle sprays in both spray and tray type absorbers make the greatest 
contribution towards a uniform mist-eliminator inlet velocity distribution (Saleem, 
1991B). Also, the severe change in gas flow direction from vertical to horizontal ahead 
of horizontal flow mist eliminators can make obtaining uniform velocity distributions 
difficult (Van Buskirk, 1992). 



526 Gas Purification 

5. Two-stage mist eliminators (with the first stage having wider between-vane spacing to 
minimize scaling) are preferred. The first stage is referred to as the bulk entrainment sep- 
arator; the second as the fine entrainment separator. The fist  stage captures most of the 
mist, and the second captures the entrainment from mist eliminator washing and residual 
droplets. 

6. Chevron vanes (and to a lesser extent slat equivalent arrangements) are commonly used. 
Currently, various blade profiles have 1 to 4 passes (changes in gas flow direction). The 
majority of Acid Rain Phase I scrubbers use three and four-pass designs and most are 
three-pass designs. 

7. Water washing of the mist eliminator reduces scaling. Two scale reduction mechanisms 
have been proposed: (1) water on the mist eliminator surfaces dilutes collected slurry 
droplets below the saturation concentration, and (2) water dissolveslwashes away previ- 
ously deposited soft scale (gypsum). Full implementation of the first mechanism would 
require continuous or frequent washing of mist eliminators. Normally this is not possi- 
ble because water low in dissolved solids (usually fresh water) is required to prevent 
plugging from the wash-water. This amount of water can exceed the system makeup 
water requirement. Regarding the second scale reduction mechanism, orienting the noz- 
zles for impingement on all internal surfaces is difficult, and hard-scale (calcium sulfite) 
deposits can only be removed by manual, high-pressure water washing. This latter oper- 
ation has proven to be very detrimental to the mist-eliminator profiles, especially if the 
vanes are plastic. 

8. Wash-water systems are critical to reliable operation. Sequential washing of all mist 
eliminator sections should be performed on both the inlet and outlet faces (except the 
outlet face of the last stage) at least once each hour during operation. One manufacturer 
recommends washing each zone a minimum of 1-2 minutes with water sprayed at 30-35 
psig pressure. 

9. A wash-water spray on the exit side of the second (last) stage mist eliminator is mandato- 
ry to maintain high availability, but should operate only once per day since mist carry- 
over increases during this washing. 

10. Full cone spray nozzles should be used with overlapping spray patterns arranged so that 
no areas are left unwashed. 

11. Wash-water collection devices are required with vertical (horizontal gas flow) or tilted 
design mist eliminators. They are not typically needed for horizontal (vertical gas flow) 
mist-eliminators as the wash-water falls naturally into the absorber. 

12. Perforated plates or other precollection devices are no longer widely applied as integral 
parts of mist eliminator systems. 

13. Both fiberglass reinforced plastic W P )  and thermoplastics (polypropylene) are used for 
mist eliminators. FRP (0.125 to 0.140 in. thick) was widely used for the U.S. Phase I 
scrubbers due to its ability to withstand temperature excursions in the 300" to 350°F 
range. In Europe, polypropylene is used with elastomeric-lined absorbers where the flue 
gas temperature is limited to about 190°F. Glass or talc-filled polypropylene has better 
properties than the polypropylene without filler. Compared to FRP, polypropylene is 
homogeneous throughout and not as susceptible to degradation if cracking occurs. Alloy 
mist-eliminator vanes have been incorporated in many installations. However, halogens 
in the entrained liquid can cause rapid corrosion on the normally very thin (20-gauge, 
approximately 1 mm, or thinner) vanes. 
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Liquid concentrations in the gas exiting mist eliminators are often higher than quoted by 
manufacturers (Jones et al., 1991). EPFU has studied the operating limits of several mist 
eliminator designs and has developed a mist eliminator troubleshooting guide (Rhudy, 
1990). Some information on the design and selection of mist eliminators has been accumu- 
lated in the FGD and DeNOxManual(1979). Hanf (1992) notes that forced oxidation in con- 
junction with engineered mist eliminator wash systems and washable designs results in high 
mist eliminator availability. In Europe, the availability for this combination has been as high 
as 98% for more than 35,000 hours of operation. 

Wet Stacks, Flue Gas Reheat, Cooling Tower Dischatge, and Condensing Heat 
Exchangers 

Limestoneflime FGD plants generally have either a "wet stack" or an outlet flue gas reheat 
system. With a "wet stack," the outlet ductwork from the absorbers to the stack and the stack 
itself are designed to promote drop-out and collection of the water droplets from the gas 
stream. In a reheat system, as many droplets as possible are evaporated before they reach the 
stack (Fink, 1992). Many new wet limestoneflime FGD systems use a wet stack to avoid the 
considerable expense and problems associated with flue gas reheating. 

A well-designed "wet stack" system has minjmum droplet carry-over from the mist elimi- 
nators, uses sloped duct floors, has properly located and amply sized liquid collectors and 
drains in the outlet ductwork and stack, limits the gas velocity particularly in the stack, and 
has smooth outlet ductwork and stack walls to allow entrained liquid collected on the walls to 
flow to the drains. Most of the entrained liquid is removed in the outlet ductwork. Usually, 
reduced-scale flow model studies are performed to evaluate the best locations and sizes for 
liquid collectors and drains. EpRI's Entrainment in Wet Stacks (Maroti and Dene, 1982) pro- 
vide some guidelines which aid in evaluating and solving wet stack entrainment problems. 

With wet stacks, reentrainment can cause HzSO4 droplet fallout near the chimney and con- 
sequent corrosion of the plant facilities. To prevent reentrainment, velocities in the wet stack 
liner should be in the 30 to 60 fps range. This is substantially lower than the traditional dry 
stack exit velocities of 60 to 90 f p s  or higher. With both wet and dry stacks, the plume must 
be ejected clear of the top of the chimney to preclude downwash of the plume at the chimney 
outlet and corrosion of the chimney exterior shell. A choke can be used to increase the dis- 
charge velocity up to 110 f p s  to reduce the occurrence of downwash. For concrete chimneys, 
the h e r  should extend above the top of the shell to prevent the plume from contacting and 
damaging the concrete shell in high wind conditions. In the wet stack case, a choke liquid 
collector should be installed which is specially designed for the selected choke geometry. 

A flue gas reheat system represents an alternative to the wet stack approach. Flue gas 
reheat reduces condensation and consequent corrosion of downstream equipment, improves 
rise and dispersion of the stack gas, and suppresses the formation of a visible plume. Flue 
gas reheat of 25" to 50°F is typical. Reheaters may be any one of several types: combustion, 
steadwater, regenerative, and bypass. Combustion reheaters and steam- or water-to-gas 
reheaters may be in-line, indirect, or recirculated exhaust flue gas type. Various combina- 
tions have been used such as bypass with indirect steam reheat. Regenerative reheaters can 
be two water-coil type heat exchangers with a pumped heat transfer medium or basket type 
gas-to-gas heat exchangers. The gas-to-gas reheaters may employ pre-heating of the desulfu- 
rized flue gas to prevent corrosion of the heat exchanger. 

The two most commonly used reheater designs are (1) in-line heat exchange employing 
steam and (2) direct combustion of gas or oil with injection of the hot combustion products 
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into the flue gas exiting the mist eliminator. A less common approach uses a steam-to-air 
heat exchanger to heat air to mix with the outlet flue gas before it enters the stack. This 
design eliminates the possibility of entrained droplets fouling the heat exchanger surfaces, 
but is relatively expensive to operate. Perhaps the simplest approach is bypass reheat where 
part of the flue gas is bypassed around the absorber. This technique, however, can only be 
employed when the product gas puxity requirements are met by scrubbing only part of the 
flue gas. This usually means low sulfur coal applications. With the cap on SO2 emissions and 
the consequent financial incentives to sell SO2 allowances, bypass reheat is not likely to be 
widely used in the future. 

Most U.S. users of wet FGD systems currently favor wet stack designs over reheat due to 
the problems associated with reheaters (Smigelski and Maroti, 1986). Corrosion and plug- 
ging of reheater tubes exposed to the flue gases are major problems. As dilute sulfuric acid 
droplets evaporate, the acid is concentrated, and the acid concentration passes through the 
range where its corrosivity is the greatest. In some cases, even the more corrosion resistant 
alloys have proven unsatisfactory. Many reheater problems have been attributed to mist 
eliminator inefficiency and inadequate reheater soot blowers (Bielawski, 1992). Other 
important reheater design considerations are the prevention of fouling, the provision of an 
adequate number of spare tubes, the ability to replace individual tubes, the use of adequate 
fouling factors, and the availability of maintenance access. EPRI Report CS-5980 (Krause et 
al., 1988) provides some valuable information on reheaters. 

In another approach, which has been used in Europe, flue gas from the scrubber is dis- 
charged through the plant's large natural draft cooling tower. This avoids many of the prob- 
lems associated with flue gas reheat. Saarberg Holter-Lurgi (SHL) has patented the process 
and as of 1989 had 16 FGD systems equipped or retrofitted for cooling tower discharge. The 
biggest utility in Europe @WE) has indicated significant savings in operating and mainte- 
nance costs on 14 applications. The updraft from the cooling tower air has a volume of up to 
25 times greater than that of the flue gas and effectively disperses the treated flue gas into 
the atmosphere. Also, the concentration of the pollutants is reduced by a factor of ten or 
more (compared with conventional discharge via a stack) as a result of the stack gas being 
mixed with the air from the cooling tower. To protect the cooling tower shell from acid 
attack, the inside shell surface above the fill and the top 20% of the outside shell surface 
must be epoxy-coated (Mcllvaine, 1989; Glamser, et al., 1989). 

A new concept still under development is low-temperature, water-saturated stack gas dis- 
charge. With this scheme the flue gas is cooled in a condensing heat exchanger below the 
normal wet scrubber exit temperature and consequently contains much less water vapor. The 
process uses teflon-covered heat exchanger tubes to minimize corrosion. Cooling and reduc- 
ing the moisture content of the gas can greatly reduce liquid condensation from the stack dis- 
charge and the plume, if visible, would be extremely short. While the low stack temperature 
would reduce buoyancy and yield essentially no stack plume rise, an elevated stack exit 
velocity could be achieved with a choke device at the top of the stack. Another benefit that 
could accrue from the use of a condensing heat exchanger is the collection of sub-mimn 
particles (condensation of moisture on the surface facilitates capture), trace heavy metals 
(which are concentrated in the fine particulate), SO3, and volatile metals (condensed due to 
the lower temperature). Also, the heat removed from the flue gas by the condensing heat 
exchanger could be used to improve overall thermal efficiency by heating boiler feedwater. 
A 30 MW, plant using this concept was scheduled to go into operation in late 1994 (Ellison, 
1991; Heaphy et al., 1993; Ellison et al., 1994; Johnson et al., 1994). 
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Materials of Construction 
The selection of appropriate materials of construction is a major factor in designing a 

maintainable wet limestone/lime FGD system. The materials selections typically vary with 
the operating environment, e.g., temperature range, pH, chemistry, and abrasiveness. The pH 
and the chloride and fluoride concentrations are the primary factors in corrosion (Bacha, 
1992). Chloride levels in the system are raised significantly by closed-loop operation and by 
the production of salable gypsum, which requires good dewatering. Operating and mainte- 
nance practices are also important, e.g., encrustation if not removed can promote corrosion, 
and poor maintenance of coatings and linings can aggravate corrosion problems. Field expe- 
rience and costs are usually the principal bases for materials selection. The type of construc- 
tion: new, retrofit or existing, can also affect material selections (Rosenberg et al., 1991). 

Typical materials used in limestonelime FGD systems are identified in Table 7-19. Mate- 
rial selections vary considerably within a system. Due to the high cost of corrosion resistant 
materials, the consequences of selecting inadequate materials, and new materials becoming 
available, a thorough analysis is required for each specific plant design. The components of 
particular concern are prescrubbers, absorber inlets, outlet ductwork, stack hers ,  and in-line 
reheaters (Koch and Beavers, 1982). The weddry interfaces, i.e., absorber inlets and bypass- 
to-outlet duct connections are the most troublesome areas. In some installations chloride 
concentrations at the absorber inlet have exceeded 100,000 ppm due to water evaporation, 
providing an extremely corrosive environment (Nischt et al., 1991). Liquid that clings to the 
walls of the absorber above the mist eliminator can continue to absorb SO*, lowering the pH, 
and necessitating the use of a different material at this location than in the lower parts of the 
absorber. 

Carbon steel is generally suitable where the flue gas is substantially above the acid dew 
point andor where alkaline conditions exist. Bypass ducts, rarely used on new plants in the 
US. now that regulations create an incentive for maximum SO2 removal, are usually made 
of carbon steel, except at the connection to the outlet duct. Carbon steel bypass ducts must be 
used continuously or isolated when not in use to control corrosion due to flue gas damper 
leakage, gas cooling, and condensation. 

Stainless steels, e.g., types 316L and 317LMN; nickel-based alloys, e.g., 625, C276, and 
C22; and, in a few cases, titanium are used depending on the aggressiveness of the environ- 
ment. Extremely high chloride concentrations demand the use of more corrosion resistant 
materials. Where higher grade alloy materials are required, clad materials or %-in.-thick 
wallpaper materials are sometimes cost effective. An alloy system has high initial cost, but, 
when selected and installed properly, has the longest life and lowest maintenance cost 
(Bacha, 1992). To reduce costs, alloy thickness may be varied with location. Alloys fail gen- 
erally by pitting or crevice corrosion, but general corrosion, erosion-corrosion, and stress 
corrosion cracking can also occur (Rosenberg et al., 1991; Mathay, 1990). Table 7-20 sum- 
marizes data on pitting corrosion for some alloys in typical wet 1imestoneAime FGD envi- 
ronments. C276 and C22 are currently widely recommended for wet/@ interfaces. Data in 
Table 7-20 should be used with caution as they apply only for the test conditions. 

Organic linings, e.g., plastics and elastomers (rubbers), are suitable for some locations, 
can provide low initial cost, and sometimes have surprisingly low annual maintenance costs. 
However, complete replacement of these materials every 10 to 15 years is to be expected and 
flue gas temperature excursions are always a concern. In addition, routine inspection and 

(text continued on page 532) 



Table 7-19 
Typical Materials of Construction for Wet Limestonekime FGD Systems' 

Notes: 
1. Materials identified are not suitable for all applications. 
2. Upstream of the wer/dry intelface. 
3. Combinations of materials are sometimes used in prescrubbers. 
4. The corrosion potential of the absorber environment varies, and sometimes materials are varied to acconutu 

date this. The inlet weu'dv inte~ace has a severe corrosion potential, the sump to the liquid level a mild to 
moderate corrosion potential, the wne above the sump to the mist eliminator a d e r a t e  corrosion potential, 
and the area above the mist eliminator a severe to moderate corrosion potential. 

5. The area downstream of reheaters is similar to wet-dry interfaces and is particukarly corrosive (Bacha, 1992) 
6. Abbreviations: CS stands for carbon steel, FRPforjlakeghs+berghs-reinforced phtic. Alphmwneric desig- 

mions are ANSI class@cations, and 625 is a manufacturer's designation for a nickel alloy marerial, Inconel 625 
Source: Rosenberg et al. (1991). DoVale et aL (1991), Mathay (1990), and Bacha (1992) 

Component 

Gas Side: 
Inlet Ducts, Inlet 
Dampen: Frame & Blades 
Prescrubbers, Absorber 
WetlDry Interface3 

Absorbd 
Sump/Recycle Tank 

Vessel, Trays 

Spray Nozzles 

Mist Eliminators 

Reheaten, In-Line & 
Gas Mixing Zones5 

Outlet Ducts 

Stack Liner 

Liquid Side: 
Slurry Piping: Internal 
and External 
Pumps 
Fresh (Alkaline) Sorbent 
Storage Tanks 

LimestoneLime System: 
Storage Silos 

Typical Materials Used6 
Nonmetallic 

Metals Organics Inorganics 

Carhn SteelZ 

316L, 317LMN, 
625, C276, C22 

ritanium Grades 2 & 7 

316L, 317LMN, 
625, C276, C22 
316L, 317LMN, 
625, C276, C22 

Stellite 

316L, 317LMN, 
625, C276, C22 

Titanium Grades 2 & 7 
316L, 317LMN, 
625, C276, C22 
316L, 317LMN, 
625, C276, C22 

Hydraulic Cement, 
Chemically Bondef 
Concrete or Brick 
with Backup 
Membrane 

Rubber Lined CS, 
Plastic Lined CS 

Ceramics such as 
Silicon Carbide 

Thermoplastic, e.g., 
Glass Coupled or 

Talc Filled 
Polypropylene, FRP 

FRp, Plastic Lined CS 

FRP, Plastic Lined CS 

Hydraulic Concretr 
Borosilicate Block 
Borosilicate Block 

316L, 317LMN, Rubber Lined CS, 
625, C276, C22 FRP 
High Chrome Rubber Lined 
Carhn Steel 

~~ 

Carbon Steel 



Table 7-20 
Corrosion of Alloys in an FGD Environment Data on Pitting Occurrence, Density and Ratel at pH of 5.2 

' 4 0  .. 
0.. 

l0,OOO ppm C1 
Alloy W HAZ 

.... .... 24 ... .... 48 .. .... 

Inconel625 U M 

. 0.- 48 .... 20 .. 20 
12 12 

HastelloyG U l : I  
. 52 ... .. .... 80 .. .... 

100 0. . 

20 

... 200 ... ... 
00.. .... 64 

9 2 4  .... 

SS Type 3 17 .... 
LM . . . . .... 116 ... 40 .. ... 

- 4  

SS Type u .... 200 . 0.. 

316L 1 I 00.0 56 . .... 0 8  

20,OOO ppm C1 30,000 ppm C1 
BM W HAZ I BM W HAZ 

28 
48 I :  2o 

Couoon Position Condition Pit Density 
U = Above slurry 
M = At sluny/vapor interface 
B = Immersion in slurry 

BM = Base Metal = <IO/in2 
== = 10-1 ,OM/in* 

*** = >1,000/in2 
W =Weld 

HAZ = Heat Affected Zone 
-.*. = locally > I,000/in2 

~~ 

Note 1. Numerical vulues indicate estimated pitting rute in mildyr bused on lineur projections from 90 tests. 
Source: Suleem (1991B) 
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( t a r  continued frompage 529) 

touch-up on a 6-month to 1-year cycle is normal. Various plastic resins are used, including 
polyesters, vinyl esters, and epoxies; but the most common is polyester. Plastics often con- 
tain flakes of glass filler, and are referred to as flakeglass reinforced plastic. Failure of plas- 
tics can be caused by high and low temperature excursions, chemical attack (e.g., acid 
induced hydrolysis of the polyester), abrasion, improper application to the metal surface, or 
permeation of substances that can attack the substrate (Rosenberg et al, 1991). The success 
of rubber linings depends to a large extent on good application and the absence of micro- 
porosity in the elastomer (Siegfriedt et al., 1990) and chlorbutyl and layered rubber have 
been successfully used (Nischt et al., 1991). 

Nonmetallic inorganic materials include various ceramic blocks, bricks, tiles, and other 
shapes and hydraulically and chemically bonded concrete and mortars. Borosilicate foam 
blocks are usually bonded with urethane asphalt. The combination of these two materials 
results in a lining that is resistant to permeation by aggressive condensate. The thermal insu- 
lating properties of the blocks and the flexibility of the urethane material contribute to the 
good performance of the lining. However, the borosilicate glass is easily damaged by main- 
tenance personnel, and failures can occur due to abrasion, puncturing, and cracking. Also, 
scale that forms on the lining cannot be easily removed. These problems can be minimized 
by applying a topcoat of chemically-bonded, abrasion-resistant mortar. 

Acid-resistant brick is also commonly used for stack liners. Free-standing brick chimney 
liners have been found to lean due to differential moisture expansion of the bricks (Rosen- 
berg et al., 1991). Concern has been expressed about brick chimney liners in severe seismic 
activity areas (Mathay, 1990). Acid-resistant brick linings can also shrink in service creating 
mechanical stress. Alumina bricks are more abrasion resistant than acid-resistant bricks and 
are used where abrasion is a consideration. Hydraulically bonded concretes, used in pre- 
scrubbers, outlet ducts, and stacks, have high permeability and will experience dissolution of 
the calcium aluminate in sulfuric acid solutions if the pH is less than 4. 

EPRI has developed Guidelines for FGD Material Selection and Corrosion Protection 
(TR-100680) (Rosenberg et al., 1993), which includes a materials experience database at 
operating U.S. FGD plants. They have also developed software for estimating material costs 
(CS-3628, Cloth, 1984). 

FGD Problems and Potential Solutions 

Some common wet limestoneflime FGD system problems and potential causes are listed 
in Table 7-21. EPRI has issued a report discussing a variety of FGD problems and their 
solutions. This report is entitled, Investigation of Flue Gas Desulfurization Chemical 
Process Problems, Report GS-6930 (Radian, 1990). 

Process Variations 

For large, coal-fired utility boilers worldwide, the most common FGD system utilizes 
limestone in an open spray tower with countercurrent flow (gas up, spray down). However, 
significant process variations exist. Some of the more important variations are: limestone vs. 
lime vs. magnesium-enhanced lime, spray tower vs. tray tower, gas flow cocurrent vs. coun- 
tercurrent vs. multi-pass, organic acid enhancement, reaction tank separate vs. integral with 
the absorber, forced vs. natural vs. inhibited oxidation, and in situ vs. ex situ forced oxida- 
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Table 7-21 
Wet Limestone/Ume FGD Process Problems and Causes 

Process Problem Potential Causes 
Insufficient SO2 Removal 

Poor Reagent Utilization 

Mist Eliminator Scaling and 
Plugging 

Scaling of Absorber Packing 

Poor Solids Dewatering in 
Thickener' or 
Vacuum Filte$ 

Positive Water Balance 

H2S Formation 

Low liquid phase allralinity 
Low mass transfer surface area andor inadequate contact 

Low LJG 
Low limestone reactivity 
Inadequate pH measurement and/or control system 
Poor limestone particle size distribution (grind) 

Aluminudfluoride inhibition of the process 
Mist collected or wash water has high gypsum relative 

Poor limestone utilization 
Infrequent washing of the mist eliminators 
Low wash intensity 
Localized areas of high gypsum relative saturation 
Poor distribution of the slurry over the surface of the 

Inadequate oxidation/small crystal size 
Inadequate operating procedures 
Line plugging 
Filter cloth blinding 
Filtercake discharge problems 
Use of make-up water for limestone grinding 
High pump and agitator seal water usage 
Excessive fresh water usage for mist eliminator washing 
Bypassing flue gas 
Insufficient surge capacity in the FGD system 
Anaerobic sulfur-reducing bacteria in the thickener due to 

time between the flue gas and the scrubbing slurry 

SO3 blinding 

saturation 

packing 

FGD system being idle-for a long period of time 
Notes: 
I .  Thickener problems include poor solids dewatering, cloudy thickener ovetjlow, low density under- 

2. Vacuum j l ter  problems include poor solids dewatering and cloudy jiltrate. 
Source: (Moser et al., 1988) 

flow, and high density underflow (high mte torque or unpumpable undetjlow). 

tion. Some major features of the systems offered by several suppliers are described in the 
following section. 

General Ekctric (GEESZ) Zn Situ Forced Oxidation Process. The General Electric 
Environmental Services Inc. (GEESI) process is a limestone FGD process with in situ forced 
oxidation. A typical configuration is illustrated in Figure 7-2 and a typical absorber tower in 
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Figure 7-3. An open spray tower with a high turndown ratio is used. Limestone is typically 
ground to 90% minus 325 mesh in a ball or tower mill. Candidate limestones are evaluated 
by GEESI during the design phase. Limestone slurry is added to the scrubber sump based on 
feed-forward control using calculated inlet SO2 flow with pH trim ovemde. Oxidation air is 
blown into the sump about 18 ft below the liquid surface. The typical oxygen/sulfur mole 
ratio is about 3.0. A bleed stream from the single stage hydrocyclone overflow is returned to 
the sump. The hydrocyclone underflow, which consists primarily of gypsum, goes to dewa- 
tering. Drum or belt filters or centrifuges may be used depending on the gypsum moisture 
specifications. 

The spray tower is equipped with three to six spray levels depending upon the sulfur con- 
tent of the coal and the required SO2 removal efficiency. The spray levels are about five ft  
apart. The gas side system pressure drop is about 4 to 6 in. of water of which 1.5 to 2.5 in. is 
across the spray tower. A prescrubber is used when the incoming flue gas has a high ash con- 
tent and an ultra pure white gypsum is required. The need for a waste water treatment system 
is site-specific and depends upon the discharge water quality requirements. 

This system has been installed in countries worldwide including the United States, Ger- 
many, the UK, Finland, the Netherlands, Japan, Taiwan, Poland, and Austria. Several sys- 
tems employ a single absorber module with absorber diameters ranging from 40 to 62 ft. The 
largest single absorber module (approximately 62 ft  diameter) designed by GEESI treats flue 
gas from a 700 MW, power plant boiler (Kneissel et al., 1989). 

Babcock & Wilcox Process. The Babcock & Wilcox FGD process can be designed to uti- 
lize either limestone or lime as the reagent and either forced or inhibited oxidation. As of late 
1992, Babcock & Wilcox had designed and supplied over 15,000 MW,  of wet FGD systems, 
of which over 9,000 M W ,  were in operation and 6,000 MW,  were scheduled to begin opera- 
tion by 1997. System sizes range from 60 MW, to 1,370 MW,. The 1,370 M W ,  installation is 
at Cincinnati Gas and Electric’s Zimmer station and is the largest FGD system in the world. 

The absorber, which is a countercurrent sprayhay tower type, is illustrated in Figure 7-4. 
The absorber tower has an integral reaction tank, patented absorber tray, and symmetrical 
reducing outlet. The integral reaction tank reduces the equipment footprint. The absorber 
tray causes flue gas to be evenly distributed in the absorption zone, effectively utilizing the 
slurry distribution from the recycle spray nozzles. In a system where liquid phase diffusion is 
important, the absorber tray provides liquid hold-up through which the gas passes prior to 
entering the absorption spray zone. This not only provides a significant amount of SO2 
removal, but increases reagent utilization. The absorber tray is compartmentalized by a grid 
of baffles that prevents migration of the liquor (and thus the gas) across the absorber tower 
cross section. The gas velocity through the perforations is typically several times the superfi- 
cial velocity in the absorber tower. A vigorous frothing action results, which helps maintain 
absorber tray cleanliness. Another unique feature of the Babcock & Wilcox absorber tower is 
the patented interspacial header arrangement. This feature allows two spray headers to be 
located at the same elevation which permits the use of a shorter tower than required for earli- 
er designs. 

The absorber tower Symmetrical reducing outlet provides a uniform velocity distribution 
at the front face of the horizontal mist eliminator. Experience has shown that poor flue gas 
velocity distribution can cause excessive mist carryover. The two-stage, triple-washed mist- 
eliminator system provides both a “roughing” chevron for capture of large drops of slurry 
and a ‘%finishing” chevron to capture smaller drops of slurry and wash-water. Wash headers 
on both the lower and upper surface of the first stage mist eliminator and the lower surface 
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of the second stage mist eliminator minimize pressure drop and overall particle carryover by 
reducing plugging of mist-eliminator passages (Martinelli, 1992). 

Saarberg-Holter (S-H-U) Process. The S-H-U process is a limestone wet scrubbing 
process with formic acid enhancement. The S-H-U absorber has both cocurrent and counter- 
current sections. The flue gas enters the absorber at the top of the cocurrent flow section and 
flows downward past several levels of spray nozzles where the pH drops rapidly. The scrub- 
ber slurry collects in the sump. The flue gas then huns upward into the second scrubbing 
stage, the countercurrent flow section, where the final increment of SO2 removal occurs. The 
flue gas exits either through a combination of a vertical flow and a horizontal flow mist elim- 
inator or vertical flow mist eliminators. 

The formic acid buffer permits optimum SO2 removal in the pH range of 4.2 to 5.2. The 
advantages of formic acid buffering are 

Increased SO2 removal capability 
Improved ability to respond to operating load and SO2 variations 
High reagent utilization (CdS = 1.01 to 1.03) 
Reduced L/G required for a given SOz removal resulting in a lower power consumption 
High oxidation efficiency to allow production of wallboard or disposable quality gypsum 
Lower maintenance requirement and greater availability due to reduced potential for scal- 

High tolerance for chlorides 
ing and plugging 

Forced oxidation ensures an oxidation level of 99.9%, which is achieved by injecting air 
into the absorber sump. The byproduct gypsum can be disposal grade or commercial grade. 
A disposal grade gypsum can be produced by dewatering with a rotary drum filter to an 80% 
solids filtercake. Alternatively, commercial grade gypsum can be produced by washing for 
chloride control and dewatering with a centrifuge or a hydrocyclone/belt filter system. 

Between 1974 and 1992 S-H-U systems were installed on 30 coal-, oil-, and lignite-fred 
boilers ranging in size from 125 to 900 MW, (8,000 MW, total). As of 1992, S-H-U had 
1,500 M W ,  under contract, including a system for a 316 MW, unit at Milliken Station in the 
U.S. (Schutz et al., 1989; Glamser et al., 1989; Glamser, 1992). 

Noel1 KRC Double-Loop Limestone Process. The current Noell JSRC FGD process has 
evolved from the Research Cottrell FGD system of the 1970s. Variations of the design have 
been used in the U.S., Europe, and Canada. As of 1992, total systems installed, in design, or 
under construction exceeded 27,000 MW, in combined capacity. A single 450-MWe 
absorber module unit is being erected at New Brunswick Power’s Belledune Station in Cana- 
da. It is designed for 95% SO2 reduction with 4.5% sulfur coal (Majdeski, 1992). The system 
is only suitable for limestone. A forced oxidation byproduct is the usual choice, although an 
inhibited oxidation byproduct has also been produced. Additives have not been found to be 
cost-effective. 

The Double-Loop FGD process has two separate loops in a single tower: a lower quench 
loop and an upper absorber loop. Flue gas from the particulate collector is first quenched in 
the lower quench loop with a recirculating slurry of calcium sulfite, gypsum, and fresh calci- 
um carbonate. The quenched flue gas then flows up through a gadliquid separator and the 
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upper absorber loop before exiting the absorber through a mist eliminator. The gadliquid 
separator prevents mixing of the slurry between the two loops. 

In the upper absorber loop, recirculating limestone slurry, at a pH of 5.8 to 6.0, absorbs 
the bulk of the SO*. A number of spray levels, and sometimes a wetted film contactor, are 
used. The system design keeps the dissolved chloride level low in this loop, avoiding the 
detrimental effect of high chlorides on SO2 removal efficiency. Also, the corrosion potential 
is minimized by the low chloride and relatively high pH values, allowing the use of more 
cost effective materials of construction in this section of the tower. 

The quench loop operates at a pH of about 4.0. It receives overflow from the absorber 
loop feed tank containing some unreacted limestone, which dissolves quickly at the low pH 
while absorbing 25 to 30% of the SO2 from the incoming gas. External air is injected 
through a series of sparger pipes in the quench loop sump for oxidation to gypsum. The 
quench loop operates in a closed-loop mode using water.retumed from dewatering. No addi- 
tives are used and salable gypsum is produced. The formation of gypsum crystals in the 
sump reduces the scaling potential by providing suspended gypsum particles for crystal 
growth and by maintaining suitably low calcium sulfite levels. The system provides for inde- 
pendent limestone feed to each loop for pH control. This minimizes the potential for pH vari- 
ation, thus further reducing the scaling potential. 

Typically, a bleed stream from the quench loop, containing 15 to 18% solids, flows to the 
dewatering system. Most plants require two stages of dewatehg-primary and secondary. 
For gypsum, hydrocyclones are preferable to thickeners as the primary dewatering device 
because of lower cost, compact size, and adequate particle size separation. Thickeners would 
produce too dense an underflow when processing gypsum. When the system is operated in 
the inhibited oxidation mode, the unoxidized calcium sulfite is usually first dewatered in a 
thickener. Vacuum filters are used for secondary dewatering, producing an end product with 
typically 60% solids for calcium sulfite and 85-9096 solids for gypsum. The sulfite cake is 
usually blended with fly ash (and possibly lime) to produce a landillable byproduct of low 
permeability. Gypsum byproduct can usually be used for commercial wallboard or cement 
production (Dhargalkar and Tsui, 1990, Majdeski, 1992). 

Bischofl Process. The Bischoff limestone FGD process (licensed in the U.S. by Joy) uses 
large capacity spray nozzles (300 to 600 gpm per nozzle), in situ forced oxidation, large 
pumps (e.g., 33,000 gpm), a sump with no mechanical agitation, and a unique mist eliminator. 

In the absorber, limestone slurry is contacted with the flue gas by four to eight levels of 
spray nozzles. Each spray level has up to eight spray nozzles. The lower nozzles spray both 
cocurrent and countercurrent to the flue gas flow. The upper levels are countercurrent only. 
The flue gas exits the spray tower horizontally through vertical mist eliminators arranged 
around the perimeter of the top of the spray tower. This design reportedly has the advantage 
that water drainage does not af€ect gas flow, and the design results in more even gas flow 
distribution over the surface of the mist eliminator with reduced carry-over. 

The scrubber sump is designed for uniform slurry flow from top to bottom. Oxidation 
takes place in the upper portion of the sump. Reacted slurry enters at the top at a low pH (4 
to 5).  The calcium sulfite reacts with oxygen in the air bubbled up through the slurry to form 
calcium sulfate. An oxygen/sulfur mole ratio of 2 to 3 is maintained in the forced oxidation 
zone. The slurry flows down to the crystallization zone in the lower portion of the sump. A 
special grid prevents back-mixing of slurry from the crystallization zone, which is main- 
tained at a pH of 5.5. Make-up limestone slurry is added in the crystallization zone. Five to 
eight minutes residence time causes precipitation and growth of the large gypsum crystals. 
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Recycle is from the bottom of the sump. A bleed stream from the lower portion of the crys- 
tallization zone goes to byproduct recovery, consisting of hydrocyclones, and a filter or cen- 
trifuge. The gypsum byproduct contains 5-10% moisture depending on requirements. Recir- 
culation pumps convey the limestone slurry from the conical bottom sump to the various 
spray levels. 

The Bischoff wet FGD process utilizes either limestone or lime as the sorbent. Bischoff s 
early scrubber experience was with lime and natural oxidation. With the increased demand 
for gypsum as the preferred byproduct and the use of sea water for at least a portion of the 
process water, Bischoff has evolved their wet FGD technology in the direction of limestone 
with forced oxidation. Limestone is the preferred sorbent when seawater is used as the 
process water. 

Joy Technologies Inc. has sold two 500 MW, Bischoff FGD systems in North America to 
Ontario Hydro for their Lambton Station Units 3 and 4. They are also engineering Bischoff 
scrubbers for four 500 MW, boilers at Taiwan Power’s Taichung Thermal Power Station, 
Units 1 through 4 (Hegeman and Kutemeyer, 1989; Steams, 1985; Krippene, 1992). 

Pure AidMitsubishi (MHZ) Process. Pure Air is a general partnership of Air Products 
and Chemicals and Mitsubishi Heavy Industries America, Inc. The partnership was formed 
to design and build sulfur dioxide removal systems for the utility marketplace using the MHI 
FGD process and alternatively to owdoperate and maintain these systems under long term 
contracts. More than 100 systems of this type have been sold worldwide. A system at North- 
em Indiana Public Service Company’s Bailly Generating Station treating flue gas from Units 
7 and 8 (615 MW, total) began commercial operation in June 1992. This system employs a 
single absorber module with no spare, utilizes direct injection of dry limestone into the 
absorber modules, a wastewater evaporation system, as well as other innovations. 

The MHI FGD system process is a cocurrent flow, in situ oxidation system where quench- 
ing, particulate removal, and SO2 removal OCCLU simultaneously. While a pre-scrubber to 
remove chlorides and some fly ash is included in Japanese and German systems which pro- 
duce a wallboiud grade gypsum byproduct, a prescrubber has not been necessary in U.S. 
applications. 

Distinguishing features of the process are the high velocity (15-20 ft/sec) open absorption 
grid, the cocurrent design, and the air rotary sparger. The absorption grid provides a high 
gasniquid contact area and uniform distribution of flue gas flow. The cocurrent flow of the 
flue gas and the scrubbing liquid reduces mist carryover by as much as 95% while allowing a 
flue gas velocity increase of almost 100% over current designs. The sump contents are agi- 
tated and oxidized simultaneously by Pure Air’s rotary air sparger. Traditional fixed air 
spargers and mixers can also be used with the MHI system (Ashline et al., 1989; Cam- 
poneschi, 1992). 

Chiyoda Thoroughbred 121 Process. This process differs from conventional 
limestondime systems in that the absorbent is maintained at a pH between 4 and 5 com- 
pared with 5.5-6 for most other processes. Also, a single reactor is used to remove SOz, oxi- 
dize the reaction products, and form calcium sulfate. No recycle pumps and no thickener or 
hydrocyclones are required as with conventional FGD systems. A large gypsum crystal is 
produced due to the retention time in the reactor and the absence of recycle pumps. SO2 
removal efficiencies of 95% over a wide range of inlet SO2 loadings are possible (Anders 
and Torstrick, 1981; Mirabella, 1992B). By 1991, there were 12 operating units worldwide 
and five others under construction (Mirabella, 1992A). 
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A key feature of the process is the special reactor design, which is illustrated in Figure 7-9. 
The unit is called a Jet Bubbling Reactor (JBR). This design provides a large inventory of 
absorbent in the reaction zone, which eliminates the need for liquid recycle. The low pH 
favors the oxidation of sulfite to sulfate, so complete conversion of the solid product to gyp- 
sum is feasible. 
In the process, as operated by the Mitsubishi Petrochemical Company at their Yokkaichi, 

Japan, complex, flue gas from a boiler burning 3 to 4% sulfur fuel oil is treated to remove 
97% of the SOz (Classen, 1983; Kaneda et al., 1983). Flue gas from the air preheater is f i s t  
blown into a precooler where a fine spray of recirculated water humidifies and cools the flue 
gas while removing particulate and other impurities such as chlorides. 

The humidified gas flows into the JBR where it bubbles through a shallow zone of 
absorbent. Sulfur dioxide is absorbed, oxidized, and reacted with calcium ions to precipitate 
calcium sulfate and form a gypsum slurry. Makeup limestone is added as 20% slurry, air is 
blown into the bottom reactor zones of the JBR to enhance the oxidation reactions, and the 
product gypsum is continuously withdrawn as a slurry containing about 15% CaS04 2Hz0. 

The gypsum slurry is dewatered in a solid bowl decanter centrifuge. The byproduct gyp- 
sum, which is essentially dry, is taken to storage, and the centrate is recycled. A bleed stream 
of the precooler water is continuously circulated through a thickener to concentrate captured 
fly ash. The fly ash slurry is mixed with a bleed stream of centrate, neutralized with lime- 
stone slurry, and fitered. The resulting solids are discarded. A portion of the filtrate is also 
discarded to maintain the water balance and dispose of soluble salts while the main stream is 
recycled to the absorption circuit. 

According to Kaneda et al. (1983), operation is smooth and trouble-free. SO2 removal 
efficiencies are in the 97-99% range with inlet SOz concentrations from 1,000-2,000 ppm. 
Limestone utilization is greater than 99%, and the gypsum, which is sold to cement and wall- 
board manufacturers, typically contains about 99.2 wt % CaSO, * 2Hz0. 
In the U.S., a Chiyoda CT-121 system has been installed on Georgia Power’s Yates Unit 

No. 1, a 100 M W ,  coal-fired unit, as part of the Department of Energy’s Clean Coal Tech- 

Flue 

0 psum 
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Figure 7-9. Jet bubbling reactor (JBR). From Kaneda et a/. (1983) 
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nology Program. Start-up was in October 1992. SO2 removal is 93-98%, more than 90% of 
the particulate leaving the electrostatic precipitator is captured in the scrubber, and reliability 
and availability are 98%. Limestone utilization approaches 100% (PETC, 1993). 

Magnesium Oxide Process 
Regenerable magnesium oxide processes were developed in the late 1960s by the Grill0 

Company of Hambom, Germany; the Chemico Construction Company in the United States 
(Anon., 1977); and by Showa Denko in Japan. A commercial-size demonstration unit was 
installed on a 150-MWe oil-fired steam-generating boiler at the Mystic Power Station of the 
Boston Edison Company. The unit was started up in 1972 and operated intermittently until 
June 1974. It was designed by Chemico (now GEESO and incorporated a single-stage ven- 
turi module. Nummus operating problems were encountend. However, the plant success- 
fully demonstrated that the basic concepts were sound. Ninety percent SO2 removal could be 
accomplished, magnesia could be regenerated and recycled, and highquality sulfuric acid 
could be recovered from the SO2 removed (Koehler and Dober, 1974). 

Philadelphia Electric Company (PECo) and United Engineers and Constructors (now 
Raytheon) initiated a study in 1971 which led to construction of a demonstration unit at 
PECo’s Eddystone Unit 1 by 1975 and culminated in the installation and startup of three 
commercial systems in 1982. These were retrofitted to Eddystone Units 1 and 2 (335 and 
355 MW, respectively) and b m b y  Unit 1 (160 MWJ. Emission compliance tests conduct- 
ed shortly after startup showed that all  units met or exceeded state requirements for SOz and 
particulate control (MacKenzie et al., 1983). 

According to Ando (1977), a magnesium oxide process developed by Chemico-Mitsui is 
operating in Japan on an oil-fired boiler. The plant provides 90% SOz removal efficiency 
with 100% operability. The process is also used at a number of pulp and paper plant boilers 
for SO2 recovery and recycle of the MgSO3/Mg(HS03)2 to the process. 
In the US., the ability to dispose of IimestoneAime scrubber byproducts close to the plant 

has limited the need for a regenerable system and inhibited the use of the magnesium oxide 
process on a large scale. At this time, the process is being marketed in Eastern Europe. It is 
expected that future units will be 200 MW, or greater in size based on economic considera- 
tions. The presence of a nearby acid plant, where the magnesium salts can be regenerated 
and the SO2 product utilized, enhances the economics of this process. Also, the very high 
sulfur dioxide removal efficiency i s  a feature with increasing attractiveness. 

Process Description 

Magnesium oxide is not as suitable for a disposable byproduct process as calcium oxide 
because magnesium sulfate is quite soluble and magnesium sulfite is several times as soluble 
as the equivalent calcium compound. Furthermore, magnesium compounds are generally 
more expensive than similar calcium materials. However, the principal product of the 
absorption of SOz by magnesium oxide, magnesium sulfite, decomposes at relatively modest 
temperatures. This characteristic makes it suitable for a regenerative cycle using a calcina- 
tion step to release the absorbed SOz. 

Simplified flow diagrams representing the magnesium oxide process are shown in Figures 
7-10 and 7-11. These flow diagrams are based on the initial Eddystone No. 1 installation. An 
aqueous slurry containing magnesium oxide is used as the absorbent in a scmbbing step sim- 

(text continued on page 542) 
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Figure 7-11. Flow dlagram of magneslum oxide process, absorbent regeneration section. 
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(text continuedfrom page 539) 

ilar to lime slurry scrubbing and requiring the same type of equipment. Magnesium oxide is 
converted to magnesium sulfite and sulfate, which are removed from the solution and dried. 
The mixture of dried magnesium sulfite and magnesium sulfate is regenerated by calcining 
at about 1,825"F (Fink, 1992). The calcining operation produces magnesium oxide, which is 
returned to the absorption system and a sulfur-dioxide rich gas, which can be fed to a sulfu- 
ric acid plant or reduced to elemental sulfur. 

Process Chemistry 

The basic chemistry of the magnesium oxide process is discussed in detail by McGlam- 
mery et al. (1973). The principal reactions are as follows: 

Slaking: 

Oxidation: 

Regeneration: 

MgSO3 = MgO + SO2 

MgS04 + K = MgO + SO2 + HCO2 

(7-29) 

(7-30) 

MgS04 = MgO + SO3 (7-31) 

The flue gas is contacted with a recycle stream containing magnesium sulfite and sulfate 
in solution and particles of magnesium sulfite and hydroxide in suspension. SO2 reacts with 
the dissolved sulfite to form bisulfite in accordance with equation 7-26. Equilibrium vapor 
pressure data for this reaction are given in Table 7-22 which is based on the data of Pinaev 
(1963). In the scrubber surge tank, a slurry of slaked magnesium oxide, MgO and Mg(OH)z, 
is added to the scrubber liquor at a rate sufficient to maintain the pH at about 6.3, converting 
the Mg(HS03)2 to relatively insoluble MgS03. Equation 7-27 shows this reaction leading to 
the precipitation of magnesium sulfite trihydrate. Actual operating experience at the Eddy- 
stone Plant indicated that the magnesium sulfite precipitates initially as the trihydrate in the 
surge tank (Gille and Mackenzie, 1977; MacKenzie et al., 1983; Fink, 1992). In the pilot 
plant phase of the work, it was thought that it would be necessary to reduce the MgS04 with 
carbon to produce SO2 as shown by equation 7-30. However, it was found that by heating 
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Table 7-22 
Vapor Pressure of Sulfur Dioxide over Solutions Containing 

Magnesium Sulfat8 and Magnesium Sulfite-Bisulfite 
(Active Mg refers to magnesium associated with sulfite-bisulfite ions) 

Temp. 
"C 

Solution Composition 
MgS04 Active Mole 

Concentration Mg so2 Ratio PSO, 
gn gn gn s o m g  =Hg 

30 
30 
30 
30 
60 
60 
60 
60 
30 
60 

54.75 
52.00 
51.67 
5 1.30 
51.75 
53.65 
50.20 
5 1.75 

106.50 
105.50 

2.01 
2.16 
4.22 
5.53 
3.77 
3.48 
6.32 
8.12 
4.15 
6.23 

7.04 
11.0 
18.2 
25.0 
11.9 
12.7 
23.6 
31.6 
18.1 
23.6 

1.31 
1.49 
1.62 
1.69 
1.18 
1.37 
1.40 
1.46 
1.63 
1.38 

0.030 
0.041 
0.052 
0.073 
0.060 
0.069 
0.111 
0.141 
0.073 
0.133 

Source: Pinaev (1963) 

the salt to 1,850°F, SO3 was driven off as shown by equation 7-31. This being suitable for 
the production of sulfuric acid, the carbon reduction step was eliminated (F& 1992). 

Design and Operation 

The Eddystone Unit 1 plant employs three venturi rod-type absorbers. The Eddystone Unit 
2 plant uses two spray towers (plus one spare). Both plants handle about 1 x lo6 acfm of flue 
gas and are designed to remove 92% of the incoming SO2. The Cromby Unit 1 plant utilizes 
two spray towers (plus one spare) for 416,000 acfm of flue gas and is designed to remove 
95% of the SO2. A comparison of actual vs. design performance for one Cromby absorber is 
given in Table 7-23. 

All of the magnesium oxide plants, including the one in Japan, encountered numerous 
operating problems. According to Ando (1977), the problems at the Chemico-h4itsui plant 
were mainly in the regeneration steps. The problems were solved, and the plant operates 
quite satisfactorily with almost 100% availability. 

Operating problems encountered in the US.  plants included pipe and pump corrosion; 
plugging of systems for feeding MgO powder, slaking MgO, and feeding MgO slurry; cak- 
ing in the MgS03 dryer; dust production in the dryer; solids handling malfunctions; regener- 
ator product gas filter plugging; and high MgO losses. 

It should be noted that many of the operating problems were satisfactorily resolved at the 
plants where they were encountered. None are considered to represent fundamental barriers 
to the successful application of the magnesium oxide process for SO2 removal. Moreover, 
the PECo units have operated continuously for more than 15 years. 
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Table 7-23 
Comparison of Actual and Design Performance for Magnesium Oxide 

Scrubbing at PECo Cromby Unit 1 Plant 

Actual Design I 
Gas Flow, m3/s (acfm) 104 (220,000) 98.2 (208,100) 
UG, Ym3 (gaV1,OOO acf) 5.4-6.7 (40-50) 6.7 (50) 
Pressure Drop, Pa (in W.C.) 500-623 (2.0-2.5) 1,245 (5.0) 
PH 6.7-6.9 6.8 
% Solids 15-20 15 
Crystal Form Trihydrate Trihydrate 

Source: MacKenzie et al. (1983) 

SOz Removal, % 96-98 95 

ALKALI METAL PROCESSES 

Many processes have been developed based on SO2 removal by absorption in an aqueous 
solution of a soluble alkali metal compound. Sodium compounds are preferred over potassi- 
um or the other alkali metals strictly on the basis of cost. In its simplest form, the process 
consists of contacting the gas with a solution of sodium carbonate (or sodium hydroxide) to 
form sodium sulfite, followed by disposal of the spent absorbent solution as waste or as a 
raw material for some other industrial process. More complicated forms have been proposed 
to reduce the costs of active absorbent makeup and spent absorbent disposal. These process- 
es incorporate a variety of steps to regenerate the absorbent and produce a byproduct that is 
readily disposable or salable. 

Non-Regenerable, Alkali Metal-Based Processes 
The non-regenerable, W metal-based processes are particularly applicable to situations 

involving relatively smal l  quantities of SOz, where the advantage of a simple system with 
low capital cost outweighs the operating cost penalties associated with use of an expensive 
chemical and disposal of soluble waste. The processes are also applicable to special situa- 
tions where the resulting sodium sulfite has a significant market value. This is the case in 
Japan where a large number of such plants exist, producing sodium sulfite or sodium sulfate 
(Ando, 1977). EPA/600I7-85/040, Recent Developments in SO2 and NO, Abatement Tech- 
nology f o r  Stationary Sources in Japan, lists 262 NazSOflazS04 FGD plants (Ando, 1985). 
About 80% of the Japanese plants produce sodium sulfite for paper mills and the rest oxidize 
the sulfite by air-bubbling to sulfate, which is either used in the glass industry or purged in 
waste water. Operating data for a typical plant employing NaOH as the absorbent and pro- 
ducing Na2S03 as a byproduct are given by Ando (1977). The plant treats 190,000 Nm3/hr 
(112,000 scfm) of flue gas containing 1,400 ppm SOz in a packed tower and produces an 
outlet gas containing only 6 ppm SOz. An UG of 1.2 UNm3 (-9 gaV1,OOO scf) is used with a 
liquor pH of 6.5. 

A large number of non-regenerative sodium-based absorption units are also in use in the 
U.S. for industrial boilers and other applications. Several large units were placed in service 
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on coal-fired utility boilers between 1974 and 1986. The first three units were designed and 
installed by Combustion Equipment Associates in association with Arthur D. Little, Inc. 
(Pedco, 1977) at the Reid Gardner Power Station of the Nevada Power Company. This type 
of system was economically attractive at the Reid Gardner Station because of a combination 
of factors, including the availability of sodium carbonate, the use of relatively low-sulfur 
coal (0.5 to 1.0% sulfur), and the plant location in a warm, arid zone where the effluent can 
be evaporated in ponds without the use of equipment or energy for byproduct drying. 

In each of the first three Reid Gardner units (1 10 Mw, each) approximately 473,000 acfm 
of 350°F flue gas is processed. The gas first flows through a venturi scrubber where it is 
cooled to about 119"F, then through an absorber containing a single sieve tray, and finally 
through a radial mist eliminator before flowing to the stack. Heated air, added to the gas after 
it exits the absorber, reheats the gas. About 5,000 gpm of recycled solution is pumped to the 
venturi, and about 900 gpm to the absorber. Makeup of alkali and water is provided by 53 
gpm (maximum) of concentrated sodium carbonate solution and 129 gpm of water from the 
ash pond. Sulfur dioxide removal is reported to be 85%. The FGD system of Reid Gardner 
Unit 4 (initially 250 MW,, upgraded to 302 MW,) is preceded by a fabric filter, so a venturi 
scrubber is not required. Otherwise, the unit is similar to the other three units at Reid Gard- 
ner. This unit was furnished by ThyssedCEA (PEI Associates, 19894 Day, 1991). 

Five other large, wet soda once-through systems, all on electric generating units, have 
been constructed-four 500 MW, systems at the Jim Bridger Station and one 330 h4We sys- 
tem at the Naughton Station, all in Wyoming. These employ waste soda liquor from soda 
producing plants in the area and the waste is evaporated in ponds. These units were furnished 
by Universal Oil Products and Babcock & Wilcox (Echols, 1992; Tolman, 1992). 

To avoid the cost and disposal problems of once-through processes employing alkali metal 
compounds, a considerable amount of research and development effort has been expended 
on techniques for regenerating this type of absorbent. Processes used employ precipitation of 
insoluble compounds (double alkali), and thermal decomposition (Wellman-Lord and 
Elsorb). Processes under development or which have been investigated include precipitation 
of insoluble compounds (zinc oxide), low-temperature reduction of sulfite (citrate and potas- 
sium formate processes), high-temperature reduction (aqueous carbonate process), electro- 
dialysis (SOUL), and electrolytic (Stone & Websterhonics Process). Descriptions of some 
of these processes are provided in subsequent sections. 

Oxidation to Sulfate 

Oxidation of alkali metal sulfites to sulfates occurs to some extent in all alkali metal-based 
SO2 absorption processes that treat flue gases containing free oxygen. As previously noted, 
about 20% of the nonregenerable sodium hydroxidehrbonate-based plants in Japan contin- 
ue the oxidation to essentially 100% sodium sulfate by bubbling air through the solution. 

Oxidation of potassium compounds to the sulfate form occurs in the Recovery Scrubber 
process licensed by Passamaquoddy Technology, which was originally developed for cement 
plant applications. The process uses waste cement kiln dust, which contains limestone, alka- 
li, and calcium sulfate, in an aqueous slurry as a flue gas scrubbing reagent. The first com- 
mercial application of the process began operating at the Dragon Products Company cement 
plant in Thomaston, Maine in December 1990 (Morrison, 1991). 

The Passamaquoddy Recovery Scrubber process offers several advantages for cement 
plant use: it recovers a major fraction of the waste cement kiln dust in a form suitable for 
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reuse; it removes SOz from the flue gas; and it produces a salable byproduct, potassium sul- 
fate. Because of the high temperature attained in cement kilns, the most volatile species, 
such as potassium compounds, are selectively vaporized. The dust collected from the flue 
gas is therefore rich in potassium (and also sulfate) and is not suitable for reuse in the kiln 
without purification. 

In the process, the cement kiln dust is collected in a recycling stream of slurry which con- 
tacts the flue gas. Carbon dioxide is absorbed in the alkaline solution and reacts with calcium 
sulfate and calcium hydroxide to precipitate calcium carbonate and release sulfate ions. Sul- 
fur dioxide is absorbed and is then oxidized by oxygen from the flue gas stream to form 
additional sulfate ions. The sulfate remains in solution as the very soluble potassium sulfate. 

As a result of these reactions, the recirculating slurry contains primarily potassium sulfate 
in solution and particles of calcium carbonate in suspension. A portion of the slurry is con- 
tinuously treated to remove solids (which are washed and recycled to the kiln) and recover 
potassium sulfate (by evaporation and crystallization). In the initial operation of the Dragon 
products Co. plant the process achieved 92% sulfur dioxide removal efficiency. 

Other applications of the Recovery Scrubber process have been proposed by Morrison 
(1991). In general, these are based on the use of biomass ash from pulp and paper plants and 
other wood burning facilities. Biomass ash is rich in potassium and very alkaline, so its use 
presents the possibility of both SOz removal and potassium sulfate recovery. 

Oxidation of sulfite to a soluble alkali metal sulfate is also a feature of the Moretana 
process, also known as the Sumitomo-Fujikasui process. The process was developed for 
simultaneous SOz and NO, removal. It uses an aqueous solution of NaOH to absorb SOz and 
NO, and CIOz to oxidize SOz to sulfate and NO, to nitrate in the solution. Byproducts of the 
reactions are NazS04, NaN03, and NaCl. 

According to Ando (1985), five small commercial Moretana process plants have been 
operated in Japan. At most of the plants, 99% of the sulfur dioxide and 90% of the nitrogen 
oxides were removed. Two disadvantages of the process are the high cost of CIOz consumed 
and the presence of chlorides in the spent solution, which creates a disposal problem. 

Double Alkali Process 

In the double alkali (or dual alkali) process for flue gas desulfurization, the gas is contact- 
ed with a solution of soluble alkali, such as sodium sulfite or sodium hydroxide, which 
absorbs the SOz. The resulting solution is then reacted with a second alkaline material (nor- 
mally lime or limestone) to precipitate the absorbed SOz as insoluble calcium sulfite and 
regenerate the absorbent solution. Several alkali combinations are possible; however, this 
discussion is limited to the sodium/calcium case. 

Process Description 

The overall effects of the double alkali process are identical to those of the limestondime 
slurry processes-SOz is removed from the gas, lime or limestone is consumed, and a calci- 
um sulfite or sulfate byproduct is produced. The intermediate steps, however, are quite dif- 
ferent and result in a complete separation of the SOz absorption and byproduct precipitation 
reactions. This approach permits the gas to be contacted with a clear solution of highly solu- 
ble salts, thereby minimizing scaling, plugging, and erosion problems in the absorbent cir- 
cuit. The use of a clear reactive solution instead of a slurry also offers the potential for a 
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higher SO2 absorption rate because the SO2 removal reaction is not limited by the rate of dis- 
solution of solid particles. 

The double alkali process was first described in a patent issued in 1918 to Howard and 
Stantial (1918). In the proposed process, a 2.5% solution of sodium hydroxide or sodium 
carbonate was used as the first alkali, followed by a lime solution as the second. Interest in 
the process was revived in the 1960s and early 1970s as a result of the Serious o p e r a t i ~ ~ l  
problems then being encountered with early limestonellime slurry systems. General Motors 
initiated pilot plant work on the process in 1969 that culminated in the construction of a 
commercial plant at G M s  Chevrolet Panna F'lant near Cleveland, Ohio. This plant, which 
operates with a dilute absorbent solution, was started in 1974 (Dingo, 1974). Arthur D. Little 
Inc. performed early work in developing the double aIkali process (Lunt and Shah, 1973). 
Another version of the process employing a more concentrated absorbent solution was pio- 
neered by the FMC Corporation (Legatski et al., 1976). A system of this type was placed 
into operation at their Modesto, California plant in December 1971. Concentrated mode 
processes were also developed in Japan by Kureha Chemical Industry Company, Ltd., work- 
ing with Kawasaki Heavy Industries, Ltd., and by Showa Denko KK jointly with Ebara 
Manufacturing Company (Kaplan, 1976). Both of the Japanese processes feature the use of 
limestone for regeneration, sulfuric acid for sulfate removal, and a separate oxidizer to con- 
vert precipitated calcium sulfite to gypsum. 

The double alkali process has not been as widely accepted as limestoneAime slurry scrub- 
bing. However, a significant number of commercial units have been installed in Japan and 
the United States. Ando lists 47 indirect limestoneflime flue gas desulfurization plants opera- 
tional in Japan at the end of 1977 (mostly sodidcalcium double alkali systems). He con- 
cludes that such processes are about equal to direct 1imestoneAime processes with regard to 
SO2 removal efficiency, power consumption, and operability (Ando, 1977). In the U.S., six 
relatively small double alkali plants were operational and two large power plant installations 
were under construction in mid-1977 (pedco, 1977; Kaplan, 1976). By mid-1983, six large 
double alkali systems had been sold, all for Midwest power plants burning high-sulfur coals. 
Data on the four plants that were in opemtion during 1983 are given by Glancy et al. (1983). 
All consistently met their SO2 removal performance criteria, and availabilities were found to 
be generally higher than for direct limestone scrubbing. 

Two independent cost studies published in 1983 indicate that the cost of owning and oper- 
ating a limestone double alkali system would be less than that of conventional limestone 
scrubbing for relatively high-sulfur fuels (Reiidorf et al., 1983; Hollihden et al., 1983B). In 
spite of this, no new large double akdi systems have been built beyond those previously 
described. The principal supplier of the technology, FMC, closed its office in December 
1988, and sold its lime and limestone dual alkali patents to Ontario Hydro. Ontario Hydro 
has indicated intent to use the technology on their own units and willingness to license the 
technology, but for a number of m o n s  they have not been able to use the technology them- 
selves. In the U.S., Advanced Air has the license for industrial projects. The technology is 
essentially dormant at .this time for large utility power plants (Schneider, 1992; Taylor, 
1992); however, a number of industrial systems continue to be built (Lunt, 1993). 
Figure 7-12 shows the absorber section of a large double alkali plant during installation. 

A generalized flow sheet for the double alkali process is shown in Figure 7-13. The gas is 
contacted with a clear solution containing sodium sulfite, sodium sulfate, sodium bisulfite, 
and, in some cases, sodium hydroxide or carbonate. Sodium sulfite is the principal reactive 
component and is converted to bisulfite by the absorbed SOz. A sidestream of the recycling 
absorbent solution is removed and treated with lime (or limestone), which reacts with the 
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I 
Figure 7-12. Venturi scrubber system being installed in a double alkali FGD plant. The 
unit shown handles 80,000 CFM of stack gas from the combustion of coal containing 
3.2% sulfur. FMC Corporation 
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Figure 7-13. Flow diagram for double alkali flue gas desulfurization process. 

bisulfite solution to form insoluble calcium sulfite and soluble sodium sulfite (and hydrox- 
ide). The insoluble precipitate is removed by settling in a thickener followed by filtration of 
the byproduct and washing of the filtercake. The clear liquor from the settling and filtration 
steps is returned to the absorber. A small amount of sodium ion make-up is required. This is 
typically added as sodium carbonate (or sodium hydroxide) solution to the thickener or 
absorber circuit. 

Two distinct types of sodiudcalcium-based double alkali processes have evolved, gener- 
ally designated as “concentrated” and “dilute” modes. The distinction is based on the con- 
centration of active alkali, NaOH, Na2C03, NaHC03, Na2S03, and NaHS03, in the circulat- 
ing solution. (Salts such as Na2S04 and NaCl, which are not directly involved in the SO2 
absorption reactions, are considered to be inactive.) A system is operating in the concentrat- 
ed mode when the concentration of dissolved sulfite is so high that calcium is precipitated as 
calcium sulfite rather than sulfate (gypsum). This occurs at an active Na+ concentration 
greater than about 0.15 M and is caused by the very low solubility of calcium suKite relative 
to calcium sulfate. High concentrations of sodium sulfite cause calcium to be precipitated so 
completely that the solubility product for the more soluble calcium sulfate cannot be exceed- 
ed. Although CaS04 * 2H20 will not normally precipitate from a concentrated mode opera- 
tion, up to about 17% of the total moles of calcium removed can co-precipitate with calcium 
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sulfite as calcium sulfate hemi-hydrate. Since some sulfate is also lost with the liquid in the 
byproduct cake, the concentrated mode process is limited to applications where less than 
about 20% oxidation occurs (Lunt, 1993). However, where it is applicable, the concentrated 
mode operation has the advantage of lower cost due to less equipment and a lower absorbent 
circulation rate with attendant lower operating costs. In most dilute mode systems, the scrub- 
ber effluent is oxidized to convert sulfite to sulfate prior to regeneration with lime to produce 
a gypsum byproduct. 

Basic Chemistry 

The chemistry of the double alkali process has been described in considerable depth by 
Kaplan (1974, 1976). The primary reactions involved are as follows: 

Absorption: 

2NaOH + SOz = NaZSO3 + HzO (7-32) 

Na2C03 + SO2 = Na2S03 + COz (7-33) 

NaZSO3 + SO2 + HzO = 2NaHS03 (7-34) 

Regeneration with Lime: 

Ca(OH)2 + 2NaHS03 = Na2S03 + CaS03 HH,O(, + 'HZO (7-35) 

Ca(OH)z + NOzS03 + !4Hz0 = 2NaOH + CaS03 B-IzO(s) (7-36) 

Regeneration with Limestone: 

CaC03 + 2NaHS03 = Na2S03 + CaS03 HHzO(,) + HHzO + COz 

Oxidation: 

HS03- + HOz = + H+ 

Sulfate Removal: 
Dilute Oxidized Mode: 

NaZSO4 + Ca(OH)z + 2Hz0 = 2NaOH + CaS04 2Hz0(,) 

Concentrated Mode (x 50.17): 

xNazS04 + (1 - x)NaZSO3 + Ca(OH)z = 2NaOH + m20 + Ca(S03)(, 
(SO4)x. ~HZO,,) 

(7-37) 

(7-38) 

(7-39) 

(7-41) 
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Dilute Oxidized Mode and Concentrated Mode: 

Na2S04 + 2CaS03 !4H20 + H2SO4 + 3H20 = 2NaHS03 + 2CaS04 2H20,,, (7-42) 

Softening (Dilute Mode Only): 

Ca2+ + Na2C03 = 2Na+ + CaCO,,,, 

Ca2+ + C02 + H20 = 2H+ + CaC03(,, 

Ca2+ + Na2S03 + !4H20 = 2Na+ + CaS03 !4H20,,, 

(7-43) 

(7-44) 

(7-45) 

The absorption reactions are relatively straightforward. The principal reaction, 7-34, is 
readily reversible. This fact is utilized in the Wellman-Lord Process described in a subse- 
quent section. Equilibrium data relating to this reaction are given in Figure 7-14. 

5 5.5 6.0 6.5 
PH 

Figure 7-14. Equilibrium concentration of SO2 in gas over sodium sulfte/bisulfite/ 
sulfate solutions as a function of pH at 1 atm pressure and 130°F. Concentrated 
system: FMC laboratory data, dilute system: calculated. Data of Legatski et a/, (7976) 
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The process configuration is controlled to a considerable extent by the regeneration reac- 
tions, which are complicated by the presence of both sulfite and sulfate. In dilute mode, sodi- 
um sulfate can be regenerated by reaction 7-40 only when the concentration of S032- is quite 
low because this ion forms a calcium compound that is much less soluble than gypsum. In 
addition, the OH- concentration must be low and the S042- concentration relatively high. In 
actual practice, General Motor's dilute mode process is maintained at 0.1 M OH- and 0.5 M 
SO4" (Dingo, 1974), although other dilute mode systems operate at higher concentrations. 
Many dilute mode industrial plants operate at much higher concentrations: e.g., 0.15 M OH- 
and 1.0 M Sod2- (Lunt, 1993). Because of the equilibrium in causticizing Na2S04 by reac- 
tion 7-40, a high residual calcium level results. This causes sufficient calcium ions to be pre- 
sent in the regenerated solution (approximately 800 ppm) to produce scaling in the scrubber. 
As a result, dilute mode process designs typically employ a softening step in which sodium 
carbonate and carbon dioxide are added to precipitate calcium by reactions 7-43 and 7-44. 

A number of techniques have been developed to remove sulfate from systems employing 
solutions that are too concentrated to permit the precipitation of gypsum. As previously 
noted, some calcium sulfate will coprecipitate with calcium sulfite by reaction 7-41. This 
reaction has been utilized in Japan on concentrated mode scrubbers only. In some cases, this 
plus normal losses with solution entrained in the filter cake is sufficient to take care of oxida- 
tion. A technique, which is used in full-scale, concentrated mode double alkali systems oper- 
ating in Japan, makes use of reaction 7-42 and involves the addition of sulfuric acid to a 
small slip stream of the circulating absorbent to which calcium sulfite filtercake is added. 
While it is possible that this reaction could be used with the dilute mode system, this has not 
been done, and concerns exist regarding the quality of the byproduct that would be produced. 
The process works because the resulting drop in pH converts insoluble CaS03 to more solu- 
ble Ca(HSO&, thus increasing the Ca2+ concentration so that the solubility product for calci- 
um sulfate is exceeded. Work has also reportedly been conducted on an electrolytic process 
for removing sulfate ions (Kaplan, 1976). 

Design and Operation 

Detailed design and operating data have been made available on a prototype double alkali 
FGD System (LaMantia et al., 1976; Rush and Edwards, 1977). The plant was one of three 
prototype systems testing different FGD processes located at the Scholtz Electric Generating 
Station of Gulf Power Company near Chattahoochee, Florida. The double alkali process unit 
was provided by Combustion Equipment Associates, Inc./Aahur D. Little, Inc. The design 
basis for the double alkali prototype system is given in Table 7-24. The gas-scrubbing sys- 
tem consisted of a variable throat plumb bob-type venturi scrubber followed by an absorber 
designed to operate as either a tray tower or a spray contactor. The venturi scrubber and 
tower were equipped with separate sumps and mist eliminators (Chevron type) so that they 
could be tested independently. 

Performance of the Combustion Equipment Associates, IncJArthur D. Little, Inc. plant at 
the Scholtz Station is summarized in Figure 7-15, which is based on the data of Rush and 
Edwards (1977). The curves represent a large number of individual runs conducted with 
active alkali concentrations ranging from 0.15 to 0.4 M. Over a 15-month operating period, 
the average sulfur dioxide removal efficiency was 95.5% with the venturi and tray tower in 
operation, and 90.7% with the venturi alone. Efficiencies over 95% were readily attainable 
with liquid-to-gas ratios (UG) on the order of 25 gaY1,OOO acf in the venturi (primarily for 
dust removal) and 5 to 7 gaY1,OOO acf in the tray tower. These results are generally consis- 
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Table 7-24 
Design Basis for Combustion Equipment Associates, IncJArthur D. Little, Ins. 

Prototype Double Alkali System 

Flue Gas, Inlet: 
Flow rate, acfm 
Temperature,"F 
O2 concentration, % dry basis 
Particulate loading, gr/scf dry 
SO2 concentration, ppm (dry) 

Design Performance: 
SO, removal, % 
Maximum SO2 removal rate, l b h  
Particulate, gr/scf (dry) 

75,000 
275 

6.5 (ma)  
0.02 (from precipitator) 

1,800-3,800 

90 (min) 
1,530 
0.02 

- .  ~ -1 

4.0 4.5 5.0 5.5 6.0 6.5 7.0 
SCRUBBER BLEED LiauoR PH 

Figure 7-15. Performance of double alkali absorber system at Schollz Electric 
Generating Station. 
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tent with reported data from other concentrated mode double alkali plants. FMC, for exam- 
ple, utilizes a scrubbing solution with a pH of approximately 6.5 and typically observes SO2 
collection efficiencies in excess of 90% with a relatively low pressure drop scrubber (Legats- 
ki et al., 1976). 

On the basis of the Scholtz Station test results, Rush and Edwards (1977) concluded that 
the overall performance of a properly designed and operated double alkali system should be 
superior to that of direct limestone and lime systems because 

1. The system is highly resistant to upset and the potential for scaling is eliminated except in 

2. The handling of slurries in the absorption section is eliminated. 
3. The most impoaant control parameter, pH, has a wide acceptable range of operation. 

extreme upset conditions. 

The principal limitation that they observed relates to the inability of concentrated mode 
double alkali systems to reject large amounts of sulfate. This c h d s t i c  tends to limit the 
application of this process to plants burning fuels containing at least 1% sulfur. For example, 
for fuels containing less than 1% sulfur, a concentrated mode system cannot be operated at the 
excess air levels typical of pulverized coal boilers without an intentional purge of sodium sul- 
fate. Above 2% sulfur, the operation is excellent. In the 1% to 2% range, successful operation 
is highly dependent on combustion air rate and other factors. However, LaMantia et al. (1977) 
found that the ability to reject sulfates is not a limitation. They found that calcium sulfite and 
calcium sulfate co-precipitate in a ratio proportional to 0.0365 times the sulfate/sdfite ratio in 
the reactor liquor, and eventually an equilibrium is reached. FMC used this basis in the design 
of a number of their double alkali systems. Another potential problem with double alkali sys  
tems results from the presence of soluble sodium salts in the calcium sulfikdsulfate byproduct. 
This not only results in an operating cost for make-up sodium compounds, but also raises 
questions with regard to leaching of soluble salts from byproduct disposal sites. The problem 
can be minimzed by byproduct treatment or the use of lined disposal sites. 

Materials of construction for double alkali process plants are quite similar to those used 
for limestonehime systems-stainless steel (3 16L) venturis and scrubbers, rubber-lined 
pumps and slurry lines, Hastelloy G tubes for direct steam tube gas reheat, and fiberglass 
reinforced plastic or plastic-lined carbon steel tanks. 

Alkali Metal Sulfite-Bisulfite (Wellrnan-Lord) Process 

The Wellman-Lord process was initially developed to use a potassium sulfite-bisulfite 
cycle. In this version, the process makes use of the decreased solubility of potassium pyro- 
sulfite at r e d d  temperatures to provide a means of concentrating the SO, absorbent. For 
commercial purposes, the process was modified to use less expensive sodium salts. Regener- 
ation of the spent sodium absorbent is accomplished by evaporating the solution and p i p i -  
tating sodium sulfite crystals. 

Process Description 

In the potassium salt cycle, the gas is first scrubbed with water or sulfuric acid solution to 
m o v e  particulate and sulfur trioxide. It is then contacted with a potassium sulfite solution 
which removes SO2 by the following reaction: 



Sulfur Dioxide Removal 555 

KzSO3 + SO2 + HzO = 2KHS03 (7-46) 

A bleed stream of the absorbent liquid is cooled to about 40°F to convert the bisulfate to 
pyrosulfite and cause crystallization of this less soluble form: 

2KHS03 = KZS2O5 + HzO (7-47) 

The KZSzO5 crystals are removed, mixed with water to form a slurry, and fed to a steam 
stripper. Separation of the KzSzO5 as a solid provides maximum concentration of the SOz- 
containing compound. In the stripper, the slurry is heated to about 250"F, which causes the 
crystals to dissolve and form bisulfite. The latter is decomposed to sulfite and SOz by the fol- 
lowing reaction: 

(7-48) 

Under optimum conditions, each pound of SO2 produced requires 4 to 4.5 lb of steam. The 
vapor leaving the top of the stripper is a saturated mixture of steam and SO2. Most of the 
steam is condensed on cooling the mixture to about 110°F (Chemical Construction, 1970). 
The condensate, which is a saturated solution of SO2 in water, is returned to the stripper. The 
SO2 may be fed to an acid plant, marketed as liquid SOz, or reduced to elemental sulfur. 

Initial pilot tests were conducted at Tampa Electric Company's Gannon Station and indi- 
cated a 90% plus removal of SOz. Another unit rated at 56,500 cfm was installed at the 
Crane Station of the Baltimore Gas & Electric Co. (Besner, 1970). It is reported that this 
pilot unit was not fully successful (Farthing, 1971). A significant problem in the original 
process was loss of expensive potassium salts. As a result, the process was modified to use 
sodium sulfite as the active absorbent. Such a cycle was incorporated into a commercial unit 
installed on an Olin Corporation sulfuric acid plant in Paulsboro, New Jersey (Martinez et 
al., 1971). 

The chemistry of the sodium cycle is extremely simple and may be represented by the fol- 
lowing reaction for both absorption and regeneration: 

Following successful operation of the Paulsboro Plant, the Wellman-Lord process was 
applied commercially in a considerable number of installations in Japan, Europe, and the U.S. 
As of 1992, thirty-eight Wellman-Lord plants had been built with gas flows up to 2.4 million 
scfm. Of these, 26 were still operating; four had been shut down due to plant closures, etc.; 
two were demonstration units and were shut down after completion of the program; three 
were shut down due to fuel conversions; two were converted to other processes; and the fate 
of one was not determined. Applications include coal-, oil- and cokefired boilers as well as 
off-gases from chemical processes, Claus plants, and sulfuric acid plants (John Brown E&C, 
1992). The smallest plant recovers 600 l b h  of SOz from a sulfuric acid plant tail gas stream, 
and the recovered SOz is returned to the acid plant. An existing Claus plant at the site can 
make the process suitable for small applications if the Claus plant can accept the additional 
SO2. Inlet SO2 concentrations in commercial applications have varied between 640 ppmv and 
17,750 ppmv, and outlet concentrations have been as low as 65 ppmv. An outlet concentration 
of 65 ppmv is said to be the lower limit of the technology (Giovanetti, 1992C). 
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The concentrated (typically 97% wt) SOz gas produced by the Wellman-Lord process can 
be converted into any of several byproducts in an auxiliary plant: e.g., liquid SO2, HzSO4, or 
elemental sulfur. The concentmted sulfuric acid produced is very high quality, approaching 
electrolytic grade. Make-up water into the process must be condensate quality. Make-up into 
the prescrubber can be general service water (Giovanetti, 1992C). 

A flow diagram of the Wellman-Lord process as applied to utility installations is shown in 
Figure 7-16. This diagram and the process description are based on a paper by Bailey (1974) 
of Davy Powergas, Inc. (now John Brown E&C). Gas from the power plant at a temperature 
of 250" to 300'F first enters a gas-saturation prescrubber unit. This unit serves to remove fly 
ash and halides and reduce the gas temperature to the 120" to 130°F range. An acidic water- 
fly ash slurry is recirculated through the prescrubber, and a bleed stream is withdrawn con- 
tinuously to remove fly ash to the disposal pond. A mist eliminator is provided in the lower 
section of the absorber tower to minimize carry-over of fly ash slurry into the main absorb- 
ing circuit. After flowing through the mist eliminator, the flue gas passes into the sulfur 
dioxide absorption section of the tower where it is contacted with sodium sulfitehisulfite 
solution. The active component in the solution is primarily in the form of sulfite when it 
enters the top of the column and becomes progressively richer in bisulfites as it proceeds 
downward. Typically the column will contain three to five sieve or valve trays. 

In order to provide the necessary amount of liquid to hydraulically load each tray and 
maintain countercurrent operation in the overall tower, it is necessary to recirculate liquid 
over each tray by using an external pump. This detail is not shown in the flow diagram. The 
product gas passes through a conventional mist eliminator and reheater (50°F reheat is typi- 
cal) and is then vented to the stack. The rich solution from the bottom of the absorption sec- 
tion is pumped to a storage tank, which provides feed to the regeneration portion of the plant. 

Regeneration of the sodium bisultite-rich solution is accomplished in a forced-circulation 
vacuum evaporator (single or double effect). The increased temperature and steam stripping 
vapor cause decomposition of the bisulfite to sulfite, which crystallizes from solution to form 
a slurry. Steam and sulfur dioxide are carried overhead to a series of condensers. In large 
plants, the first condenser is the heat exchanger of a second-effect evaporator. The SO2 and 
steam are ultimately cooled to as low a temperature as possible to reduce the load on the vac- 
uum pump and provide relatively pure SO2 to the next operation. Normally, the product gas 
will contain approximately 85% SOz. The regenerated absorbent (slurry) leaving the evapo- 
rators is combined with steam-stripped condensate from the partial condensers. The resulting 
solution is pumped to the absorbent solution storage tank for use in the absorber. 

In the absorbent cycle of the Wellman-Lord Process, as in all alkali-based SO2 removal 
processes, some oxidation to sulfate occurs due to oxygen in the gas stream. In addition, at 
the temperature of regeneration, disproportionation is possible by the following reaction: 

2NaHS03 + 2Na2S03 = 2NazS04 + Na2Sz03 + HzO (7-50) 

Both of these mechanisms result in the formation of inactive salts, which must be purged 
from the recirculating absorbent. In the Wellman-Lord Process, this is accomplished by con- 
tinuously removing a small slip stream of the absorbent solution for disposal or processing. 
One processing technique consists of a fractional freeze crystallization operation, which pro- 
duces solids containing approximately 70% sodium sulfate and 30% sodium sulfite from a 
typical absorber solution containing 7.1% sulfate, 5.7% sulfite, and 21% bisulfite (Radian, 
1977). Although the solid effluent produced by this operation represents a considerable 
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reduction in quantity compared to a liquid purge stream, it can represent a significant dispos- 
al and sodium make-up problem. 

As a result, many additives were evaluated to minimize oxidation in the main process and 
to reduce and recycle oxidized sulfur compounds which are formed so that no purge or only 
a small one is required. The additive selected was ethylenediamine tetra-acetic acid (EDTA). 
It was said to work by chelating (binding-up) the heavy metals and part of the calcium and 
magnesium. EDTA was found to reduce the sulfate formation to a third of the value without 
the additive. Other chemicals investigated were said to have performed better but were haz- 
ardous. The sodium sulfate/sulfite purge can be sold as is, dried and sold, converted to high 
purity sodium sulfate and sold, or treated for disposal. The purity requirement depends to a 
large extent on the intended use. Sodium thiosulfate (formed during absorbent regeneration) 
must also be purged from the system to prevent its build-up. It has an oxygen demand that 
requires neutralization before disposal (Giovanetti, 1992A, B). 

Design and Operation 

Link and Ponder (1977) reported on the initial operation of the first large Wellman-Lord 
plant installed on a coal-fired utility power station in the U.S. The FGD plant was retrofitted 
to Northern Indiana Public Service Company’s 1 15 MW, pulverized coal-fired Unit 11 at the 
Dean H. Mitchell Station in Gary, Indiana. In addition to the Wellman-Lord SOz removal 
system, the plant included an Allied Chemical plant for converting the SOz to elemental sul- 
fur. The acceptance test on the entire FGD system was completed on September 14, 1977, 
with the following results: 

1. SOz efficiency exceeded the required removal of 90% of the SOz when the boiler was fir- 
ing a nominal 3% sulfur coal and producing 320,000 acfm of flue gas at 300°F. Actual 
removal averaged 91%. 

2. Operating costs for electricity, steam, and natural gas averaged $43/hr for the test period, 
77% of the maximum allowable consumption specified. (The costs are based on electricity 
at 7 millskWh, steam at $0.50/1,000 lb, and natural gas at $0.55/106 Btu.) 

3. Sodium carbonate addition rate averaged 6.2 tondday, 94% of the maximum specified. 
4. The FGD plant produced approximately 25 tons of molten sulfur per day. Sulfur purity 

5. The plant consistently operated within the established particle emission limitation of 0.1 
was approximately 99.9% versus 99.5% specified. 

lb/106 Btu. 

Although some minor mechanical problems were encountered, general operation of the 
plant was considered to be extremely satisfactory. It was accepted by the utility on September 
16, 1977. Nonetheless, at the completion of the U.S. EPA-funded demonstration, the utility 
found it more economical to switch to low-sulfur coal and decommissioned the FGD plant. 

At Public Service Company of New Mexico’s, San Juan Station, there are four Wellman- 
Lord systems, one each on the two 350 M W  and the two 550 h4W units. All have venturi 
scrubbers. Initially, they produced elemental sulfur, but around 1980, they were converted to 
sulfuric acid production. Sodium sulfate from the plant was sold to a pulp and paper plant, 
but is presently being stockpiled. Sodium thiosulfate is being sold and subsequently used for 
water treatment (Burnham, 1993). 

In 1992, another Wellrnan-Lord plant was retrofitted on a 500,000 l b h  petroleum coke 
fired boiler. The coke contained 7 wt. % sulfur. Ninety percent SOz removal was achieved, 
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and both sulfuric acid and sodium sulfate were produced (Rossi, 1993). A number of 
mechanical and process control problems were experienced on two units installed in Ger- 
many (325 M W ,  and 350 MW, in size). The FGD & DeNO, Newsletter (1991A) reviews the 
problems and their solutions. 

Materials of Constnrction 

The materials of construction used in four Wellman-Lord process plants were reviewed by 
Bailey and Heinz (1975). They report that absorber vessels constructed of either carbon steel 
lined with flake glass polyester or 316L stainless steel hold up quite well. The preferred 
materials for absorber inkmals are 316L stainless steel supports, fiberglass reinforced poly- 
ester (FRP) liquid distributors, polypropylene packing, and polypropylene mist eliminators. 
Piping for the absorbing solutions may be F", but an internal resin-rich layer of polyester 
with Dyne1 is recommended for improved wear resistance. Stainless steel (3 16L) is also gen- 
erally suitable for piping and is the alloy of choice for pumps. Storage tanks for the 
absorbent solution may be of FRP or flake glass polyester-lined carbon steel. In the evapora- 
tion section of the plant, 316L stainless steel is required almost exclusively because of the 
high temperatures involved and the presence of highly corrosive SOz vapors. Due to its sus- 
ceptibility to accelerated attack by chloride, conventional stainless steel is not recommended 
for installations where high chloride concentrations are encountered. In one such plant, 
Incoloy 825 was successfully used for the evaporator and Durimet 20 was used for wetted 
parts of pumps instead of 316L stainless steel. The FGD & DeNO, Newsletter (1991A) 
reviews some materials selection problems on the two Wellman-Lord systems in Germany. 

ELSORB Process 

The ELSORB process, offered by Elkem Technology of Norway, is similar to the Well- 
man-Lord process in that it utilizes an aqueous solution of sodium salts for SOz absorption. 
However, the salts are sodium salts of phosphoric acid, which are claimed to buffer the solu- 
tion, thereby reducing the amount of recirculation and the size of the regeneration equip 
ment. Oxidation of sulfite to sulfate is said to be less than 0.5%-1.0% (with 8-12% O2 in the 
gas stream). Regeneration by heating and evaporation is similar to the Wellman-Lord 
process, but there is very little crystal formation, so there are no solids in the circulation loop 
and no encrustation in the evaporator. The Elsorb regeneration process operates at 120°C and 
atmospheric pressure. Corrosion problems have not been reported, and 316 stainless steel is 
used in the absorber and evaporator (Ulset and Erga, 1991; Peterson, 1992). 

The capital cost is projected to be $200/kW based on a 300 MW, power plant burning 
2.6% sulfur coal and 95% SO2 removal. This capital cost is claimed to be 10-15% less than 
a comparable Wellman-Lord plant because of the smaller evaporator and other equipment. 
An optimistic 20-30% lower operating cost is projected due mainly to less oxidation loss 
and correspondingly lower chemical consumption. About 10% less steam consumption is 
claimed (Ulset and Erga, 1991; Peterson, 1992). 

The process has been tested in a mobile pilot plant capable of treating 200 m3h of gas 
over a wide range of SOz concentrations. This unit has been operated on a coal-fired boiler 
in Eastern Europe. A 3,400 Nm3h commercial unit is planned for a Claus tail gas application 
at an Esso (Exxon) refinery in Norway (Ulset and Erga, 1991; Peterson, 1992). 
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Electrodialysis Regeneration (SOXAL) Process 

Aquatech Systems, a business unit of Allied-Signal, Inc., has patented the SOXAL 
process, which is a process for regenerating the spent scrubbing solution of an alkaline sodi- 
um salt scrubber using electrodialysis cell stacks (electrolytic cells with ion-selective mem- 
branes) (Byszewski and HurwitZ, 1991). 

Either a single-stage or a two-stage regeneration process is used. The first stage regener- 
ates sodium bisulfite solution to sodium sulfite (which is recycled to the scrubber) and a con- 
centrated stream of SO2 The optional second stage regenerates the sodium sulfate generated 
in the scrubber to caustic (which is recycled to the scrubber) and dilute sulfuric acid (which 
must be disposed of). The first stage consists of an electrodialysis cell stack and a steam 
stripper to regenemte the sulfurous acid produced by the cell to SO, and water. If the second 
stage is not used, the sodium sulfate from the stripper must be purged and disposed of since 
it does not react with SO2 The SO2 stream from the first stage can be further processed by 
additional equipment to produce sulfuric acid or elemental sulfur. 

The second stage consists of an electrodialysis cell stack, which converts sodium sulfate 
into a dilute solution of sodium hydroxide that can be recycled to the absorber and sulfuric 
acid. Use of the second stage minimizes the sodium consumption of the system. Proposed 
methods for disposal of the dilute acid stream are to form gypsum by reaction with lime 
stone, use the acid to regenerate ion-exchange resin, or use it to clean process units. Chlo- 
rides are purgd from the single-stage configuration as sodium chloride along with the sodi- 
um sulfate and, from the two-stage configuration, as hydrochloric acid along with the dilute 
sulfuric acid stream (Byszewski and Hurwitz, 1991). 

The process can also remove NO,, and it is presently being proposed in this configuration. 
With this scheme, the NO, is first controlled in the boiler by conventional injection of urea 
to reduce NO, to N2 followed by injection of methanol to oxidize residual NO to N@, which 
can be removed in the scrubber. The methanol also Teacts with the residual ammonia to 
reduce ammonia emissions. NO2 reacts with the scrubbing solution to produce N2, sodium 
sulfate, sodium nitrate, and hydrogen. The nitrates are purged from the system either with 
the sodium sulfate stripper bottoms in the single-stage configuration or with the dilute sulfu- 
ric acid in the two-stage configuration. To date the NO, removal configuration has not been 
tested (Byszewski and Hurwitz, 1991). 

Removal efficiencies of up to 99% for SO2 and wter than 90% for NO, are claimed for 
the combined processes. The electrodiaysis cell stack is described as being energy efficient 
in comparison to electrolytic cells. Condensate quality water is required for make-up 
(Byszewski, 1992). 

A pilot plant test program at the Niagan Mohawk Dunkirk Station on Unit No. 4 boiler 
was completed in August 1993. The pilot plant treated a flue gas slip stream equivalent to 
about 3 MW,. Only the first stage cell was tested. Demonstration of the second stage cell, 
which splits the sodium sulfate, was not consided necessary, as it has been used ccrmmer- 
cially. NO, removal was simulated by injection of NO, into the flue gas (Byszewski, 1992; 
Hurwitz, 1993). 

Although not yet commercial, this process is considered promising. A study by the Elec- 
tric Power Research Institute indicated it to be potentially the lowest cost regenerable 
process and to be competitive with the lowest cost limestone FGD processes (Byszewski and 
Hurwitz, 1991). 
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Electrolytic Regeneration (Stone & WebsterAonics) Process 

Stone & Webster Engineering Corporation and Ionics, Inc. joined forces to carry out 
development of this process for removing sulfur dioxide from power plant flue gases 
(Humphries and McRae, 1970). The process is based on the absorption of sulfur dioxide in 
an aqueous solution of sodium hydroxide to form sodium sulfite and bisulfite. These com- 
pounds are reacted with sulfuric acid to release sulfur dioxide, which is evolved as a pure 
gas, and form sodium sulfate in solution. The key to the process is in the reconversion of the 
inert sodium sulfate to an active absorbent for sulfur dioxide. This is accomplished in an 
electrolytic cell which generates both sodium hydroxide and sulfuric acid for reuse in the 
process. The principal chemical reactions involved in the process are 

2NaOH + C02 = Na2C03 + HzO (7-51) 

NaZCO3 + SO2 = Na2S03 + C02 (7-52) 

Na2S03 + %01 = Na2S04 (7-53) 

NazS03 + SO2 + HzO = 2NaHS4 (7-54) 

NazS03 + HZSO4 = Na2S04 + SO2 + H20 (7-55) 

2NaHS03 + H2SO4 = NazS04 + 2S02 + 2H20 (7-56) 

electrolysis 
NaZSO4 + 3H20 = 2NaOH + HzS04 + H2 + %02 (7-57) 

Reactions 7-51 through 7-54 occur in the absorber. It is desirable that reaction 7-54 be 
maximized in order to capture as much SO2 as possible per unit of regenerated sodium 
hydroxide. Reaction 7-53 is an undesirable but unavoidable side reaction. However, oxida- 
tion of sulfite to sulfate is not as serious in this process as in many other aqueous systems 
since it does not interfere with the process chemistry or result in a loss of absorbent. Reac- 
tions 7-55 and 7-56 represent the SOz release step. Both reactions result in the formation of 
sulfur dioxide gas and sodium sulfate in solution. The final reaction, 7-57, depicts the overall 
result of electrolysis. Sodium hydroxide and hydrogen are produced at the cathode, while 
sulfuric acid and oxygen are produced at the anode. The sodium hydroxide is recycled to the 
absorber, and the sulfuric acid is used to liberate SO2 from the rich solution. Sulfur dioxide 
represents the principal product of the process. 

The process was tested in a 2,000-acfm pilot plant at Wisconsin Electric Power Compa- 
ny's Valley Station in Milwaukee (Meliere et al., 1974). The test program showed the 
process to be technically feasible and demonstrated that process reliability can be designed 
into the system as required by the power generation industry. The average SO2 removal was 
85 to 95% with inlet SO2 concentrations from about 1,000 to 3,600 ppm. The effluent gas 
contained 200 to 300 ppm SO2. 

Oxidation of SOz in the absorber varied from 7 to 25%. As a result of the oxidation, it is 
necessary to have two types of electrolytic cells. A three compartment (A type) cell is the 
basic design that converts sodium sulfate into caustic soda and an impure sulfuric acid solu- 
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tion suitable for reacting with sodium bisulfite. The second type of cell, a four compartment 
(B type) unit, produces Substantially pure 10% sulfuric acid. This acid can be withdrawn from 
the system for sale or disposal and represents the net production of sulfate ion by oxidation. 
The amount of sulfate formed in the absorber determines the number of B-type cells required. 
In the pilot plant, 36% of the electrolyzer cells were of the four-compartment B-type. 

The majority of the operating problems experienced at the site were mechanical in nature. 
After they were resolved, the process had an overall operational availability greater than 
90%. One early problem was caused by the presence of precipitate-forming impurities in the 
feed to the electrolyzer cells. This was resolved by installation of an adequate solution 
cleanup system. The pilot plant program included the preliminary design of a 75-MWe proto- 
type. However, no commercial units have been placed in operation to date. According to 
Elyanow (1992), Ionics is no longer pursuing this process. 

Zinc Oxide Process 

The zinc oxide process was developed by Johnstone and Singh (1940) at the Univmity of 
Illinois. Although development was utility sponsored, the process has not been used com- 
mercially. However, a considerable amount of pilot-plant work was d u c t e d ,  and features 
of the process design were worked out in considerable detail. The process is illustrated in 
Figure 7-17. The flue gas is contacted with a solution of sodium sulfite and bisulfite and sul- 
fur dioxide is absorbed, thus causing an increase in bisulfite content. The solution is next 
passed into a clarifier, in which particulate matter removed from the gas stream is separated, 
and finally into a mixer in which it is treated with zinc oxide. At this point, the original ratio 
of sulfite to bisulfite is restored, and zinc sulfite is precipitated in accordance with the fol- 
lowing reactions: 

ZnO + NaHS03 + 2HH20 = ZnS03 2!4H20 + NaOH (7-58) 

NaOH + NaHS03 = Na2S03 + H20 (7-59) 

After agitation to promote crystal growth, the precipitate is removed by settling and Ntra- 
tion, and the filtercake is dried and calcined. Calcining of the zinc sulfite results in a gas con- 
taining 70% water and 30% sulfur dioxide, which may be cooled, dried, and compressed to 
produce a nearly pure liquid sulfur dioxide as the final product Zinc oxide obtained in the 
calciner is recycled to the process. 

As in most processes for recovery of sulfur dioxide from flue gas, oxidation of sulfur 
dioxide to sulfate introduces a complication. In this case, the sulfate is removed as calcium 
sulfate, which is formed by treatment with lime. 

Lime is added to a clarified side stream of the solution. This results in the precipitation of 
insoluble calcium sulfite to form a slurry, which is added to the main solution-stream leaving 
the gas washer. The resulting thin slurry is passed into a clarifier. The calcium sulfite and 
any fly ash which may have been picked up are then removed as slurry. This slurry is acidi- 
fied by contacting it with a portion of the product sulfur dioxide. Acidification results in con- 
version of the calcium sulfite to the more soluble bisulfite form and reaction of the dissolved 
calcium ions with any sulfate present in the solution to form calcium sulfate, which is rela- 
tively insoluble under these conditions. Precipitated calcium sulfate and undissolved ash are 
removed together in a small filter. The resulting desulfated solution containing dissolved cal- 
cium bisultite is then treated with lime to form the slurry, which is recycled to the process. 
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Figure 7-17. Flow diagram of zinc oxide process for sulfur dioxide recovery. 

As the zinc oxide process has not been applied commercially since the presentation of 
complete data in 1940, and recent economic evaluations have not shown it to be economical- 
ly competitive with other processes, no detailed design data are given. However, it should be 
noted that this process has been developed very thoroughly with regard to chemical-engi- 
neering design data. Much of the work may be useful in connection with other systems, par- 
ticularly the studies of tower packings (Johnstone and Singh, 1937) and the use of wet 
cyclone scrubbers (Johnstone and Kleinschmidt, 1938). 

Citrate Process 
The citrate process was developed specifically for the removal of sulfur dioxide from 

smelter gases by the Salt Lake City Metallurgy Research Center of the U.S. Bureau of Mines 
(Rosenbaum et al., 1973). The absorbent is an aqueous solution containing approximately 
190 g of citric acid and 80 g of sodium carbonate per liter, and is capable of absorbing 10 to 
20 g of sulfur dioxide per liter. 

Smelter gases containing 1 to 3% sulfur dioxide are first freed of particulate matter, then 
cooled to about 120°F, and subsequently contacted countercurrently with the citrate solution 
in an absorption tower. The loaded solution is reacted with hydrogen sulfide in a stirred, 
closed vessel, and elemental sulfur is precipitated. The sulfur slurry flows to a thickener, and 
the thickener underflow is centrifuged to separate the sulfur from regenerated citrate solution 
which, together with the thickener overflow, is returned to the absorption tower. The sulfur- 
cake is heated in an autoclave. Liquid sulfur is separated from the residual citrate solution, 
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which is also returned to the system. Two-thirds of the molten sulfur product is converted to 
hydrogen sulfide to be used for solution regeneration. 

The process was operated (with the exception of the conversion of elemental sulfur to 
hydrogen sulfide) in a pilot plant processing 400 cfm of reverberatory furnace gas, located at 
the San Manuel, Arizona, smelter of Magma Copper Company. Operating data collected 
over a period of several months indicate sulfur dioxide removal efficiencies exceeding 90%. 

Subsequent to the smelter plant tests, pilot scale operations were conducted on flue gas 
discharge from a coal-fired industrial boiler simulating a utility application. A demonstration 
unit was built at the boiler facility of the St. Joe Minerals smelter in Monaca, Pennsylvania. 
A detailed description was presented by Madenburg and Kurey (1977). The system treated 
156,000 scfm of flue gas from a 120 MWe power station, reducing the SO2 concentration 
from 2,000 to 200 ppm (90% efficiency). These authors also give cost data for a large (500 
MWA plant firing coal containing 2.5% sulfur. Capital costs for such a plant are estimated at 
$76kW (1977 dollars) while operating costs are 2.07 mildkWlx (1978 dollars). Develop- 
ment of the citrate process was abandoned due to corrosion and plugging of the absorber 
packing with sulfur (Berad, 1992). 

AMMONIA PROCESSES 

A number of processes based upon the absorption of sulfur dioxide in aqueous solutions of 
ammonia have been proposed, and several have been developed to commercial or advanced 
pilot-plant operations. The processes differ primarily in the method of removing the sulfur 
dioxide from the ammonia-containing solution. Techniques used include steam or inert-gas 
stripping, oxidation to sulfate, reduction to elemental sulfur, and displacement by a stronger 
acid. Three processes do not remove the sulfur dioxide from the ammonia-containing solu- 
tion, but rather produce ammonium-based fertilizer. 

The possibility of using an aqueous solution of ammonia to absorb sulfur dioxide was con- 
sidered as early as 1883 (Ramsey, 1883), and the use of countercurrent washing in stages 
was disclosed in 1929 (Hansen, 1929). This latter patent also described the use of sulfuric (or 
other strong acid) to release the absorbed sulfur dioxide. The use of a cyclic ammonia system 
to concentrate sulfur dioxide, which is later reduced to elemental sulfur with hot carbon, was 
disclosed in 1934 by Gleason and Loonam (1934) in a patent assigned to Guggenheim Bms. 
Pilot-scale development work on the Guggenheim process was conducted by the American 
Smelting and Refining Company at its Garfield, Utah plant (Fleming and Fitt, 1950). How- 
ever, this work was terminated without construction of a commercial plant. 

H.F. Johnstone of the University of Illinois made important contributions to the early 
development of the ammonia process, particularly with regard to systems employing heat 
regeneration. Patents covering certain aspects of the operation were obtained as a result of 
this work (Johnstone, 1937, 1938). 

Commercialization of the ammonia process was pioneered by the Consolidated Mining & 
Smelting Company, Ltd. (Cominco), which operated a 3 todday sulfur-producing pilot unit 
at their Trail plant in 1934 and placed a 40-todday commercial plant in operation in 1936 
(King, 1950). The sulfur dioxide recovered in these early units was reduced to elemental sul- 
fur. Later changes in the market picture made it more economical to use the concentrated 
sulfur dioxide streams as feed to sulfuric acid plants. Sulfur dioxide-absorption processes 
using both heat and acid neutralization were developed at Trail. Present operations use the 
neutralization process. 
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Processes based on the absorption of SO2 in ammonia solutions have been commercial- 
ized in Japan, Russia, and Germany, while development work on advanced concepts has 
been conducted in France and the United States (Breed and Hollinden, 1974). As of 1993, 
there were four commercial ammonia scrubbing processes: the Walther, ATS Technologym, 
General Electric (GEESI), and the Nippon Kokan (NKK) processes. The ABS and the Corn- 
inco processes, described in the next section, have seen no development since 1979 and 
1985, respectively (Patterson, 1992; Meyer, 1992). 

Basic Data 

Vapor Pressure of Sulfrr Dioxide and Ammonia 

Equilibrium partial vapor pressures over solutions of the ammonia-sulfur dioxide-water 
system have been reported by Johnstone (1935). His data cover temperatures from 35" to 
90°C as well as concentrations in the range likely to be encountered in a cyclic process in 
which the solution is regenerated by distillation. Johnstone proposed the following equations 
to predict the partial pressure of sulfur dioxide and ammonia over aqueous solutions: 

M (25 - C)' 
(C - S> Ps02 = 

N C (C - S) 
pNH3 = (2s-C) 

(7 - 60) 

(7-61) 

Where: C = concentration of ammonia, moledl00 moles H20 
S = concentration of sulfur dioxide, moledl00 moles H20, and 

M, N = empirical constants which vary with temperature according to the equations: 

log M = 5.865 - 2,369m (Tin" K) (7-62) 

log N = 13.680 - 4,987R (7-63) 

In ordinary operations on waste gases, oxidation occurs to form sulfate ions, which tie up 
some of the ammonia as ammonium sulfate. If this occurs, equations 7-60 and 7-61 become 

M (2s - C + nA)' 
C-S-nA Psoz = 

N (C) (C - S - nA) 
p N H 3 =  2s-c+nA 

Where: A = concentration of sulfuric acid (or other strong acid) 
n = valence of acid ion (2 for sulfate) 

(7 - 64) 

(7 - 65) 

Comparison of experimental data with values calculated from the equations shows good 
agreement except near the bisulfite ratio where S approaches C. In this region, small analyti- 
cal errors are greatly magnified. Figures 7-18, 7-19, and 7-20 present vapor-pressure data 
for typical solutions in graphical form. 
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The vapor pressure of water over the sulfur dioxide-ammonia-water system was found to 
follow Raoult's law quite well and can be estimated from the following relationship: 

100 
PH2O =pw (100 + c + s) (7 - 66) 

Where: pw = vapor pressure of pure water at the same temperature 

Measurements of the solution pH are also presented by Johnstone (1933, and the follow- 
ing empirical equation matches the observed data within 0.1 pH unit over the range of con- 
centrations studied 

pH = -4.62(S/C) + 9.2 (7-67) 

100 
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Figure 7-18. Vapor pressures of sulfur dioxide and ammonia over a solution 
containing 5.842 moles ammonidl00 moles water and over a solution containing an 
equivalent concentration of free ammonia plus dissolved ammonium sulfate. Data of 
Johnstone (1935) 
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Figure 7-19. Vapor pressures of sulfur dioxide and ammonia over a solution containing 
10.622 moles ammoniaA00 moles water. Data of Johnstone (7935) 

The equation cannot be extrapolated entirely to the bisulfite ratio (at which the pH is 
approximately 4.1). 

Heats of absorption for both sulfur dioxide and ammonia in the dilute aqueous solutions 
considered have been estimated from slopes of vapor pressure curves on the log P versus 1/T 
scale. The values obtained for sulfur dioxide vary from -9,500 to -11,500 cal/mole, while 
those of ammonia vary from -19,400 to -22,900 callmole. 

Oxidation ofAbsorbed Sulfur Dioxide 

In all of the processes utilizing aqueous solutions of ammonia, some of the sulfur dioxide 
may be oxidized to sulfur trioxide (or in solution to the sulfate ion). The reactions may be 
represented by the following equations: 

2s4 + 0 2  = 2s03 (7-68) 

3S02 = S + 2S03 (7-69) 
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Figure 7-20. Vapor pressures of sulfur dioxide and ammonia over a solution containing 
22.24 moles ammonia/lOO moles water. Data of Johnstone (7935) 

Both reactions, of course, result in the formation of ammonium sulfate in the absorbing 
solution. Reaction 7-68 results from the presence of oxygen in the gas being treated and is 
normally the most rapid, while reaction 7-69, which can occur without added reactants, is 
accelerated by the presence of various catalysts (e.g., arsenious oxide and reduced sulfur 
compounds [Howat, 19401). The problem of sulfur dioxide oxidation in aqueous ammonium 
sulfite and bisulfite has been studied by Wartman (1937), who found that the reactions could 
be inhibited by gallic acid, tannin, pyrogallol, and certain other reducing agents. Processes 
that have been developed, however, have generally been designed to accept or enhance the 
oxidation that occurs rather than inhibit it. 

Heat-Regenerative Ammonia Process 

The hat-regenerative process for recovering sulfur dioxide from gas streams with ammo- 
nia solutions was developed on a pilot scale by the American Smelting and Refining Compa- 
ny, but first commercialized by the Consolidated Mining L Smelting Company, Ltd., at their 
Trail, Canada, plant as their “exorption” process. This operation was subsequently converted 
to regeneration with sulfuric acid, and no commercial installations of the process are now 
known. The process is based upon the following reversible reaction: 
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2NH4HS03 = (NH&S03 + SO2 + HzO (7-70) 

The two principal problems of this process are. oxidation of sulfur dioxide to form ammo- 
nium sulfate and loss of ammonia by vaporization. The oxidation problem can be alleviated 
by acidifying a portion of the circulating absorbent to release sulfur dioxide and produce 
ammonium sulfate solution or by carefully controlling the ammonium sulfate concentration 
in the circulating stream so that the required amount can be removed by a crystallization 
step. At the Trail plant, the first operation was used because ammonia acidification units 
were available elsewhere in the plant. Control of the ammonia-vapor-loss problem requires 
maintenance of minimum temperatures in the absorbers and careful adjustment of solution 
concentrations. 

Design of Distillation Unit 

The design of a distillation system for regenerating dilute ammonia solutions containing 
absorbed sulfur dioxide is complicated by the fact that compound formation takes place in 
the liquid phase, although all three components are. volatile. A method for calculating the 
number of theoretical plates and quantity of steam required for the cases of distillation by 
direct steam addition and indirect heating was developed by Johnstone and Keyes (1935). 
The method is based upon a tray-by-tray calculation of the equilibrium composition at each 
theoretical contact starting with the desired lean-solution composition. Results of such calcu- 
lations for regeneration with direct steam addition and indirect heating of the regenerator are 
shown in Figure 7-21. The plot is based upon use of a solution containing 22.27 moles 
ammonia per 100 moles water, which, according to the authors, is approximately the highest 
concentration that can be used in this system. It will be noted that the most efficient steam 
utilization is obtained with direct steam addition over most of the range of solution composi- 
tions. The use of 10 rather than 5 theoretical trays produces only a small decrease in the 
quantity of steam required. More than 10 theoretical trays yields no significant improvement. 
The feed solution composition is a function of absorber conditions and can be estimated on 
the basis of the equilibrium vapor-pressure composition curves of Figures 7-18 to 7-20. As 
shown by the equilibrium curves, a reduction in the sulfur dioxide concentration of the solu- 
tion during stripping will result in a decrease in sulfur dioxide concentration and an increase 
in ammonia concentration in the vapor. Obviously, a point will be reached where no further 
enrichment of the vapor with regard to sulfur dioxide occurs. Johnstone and Keyes (1935) 
note that this limiting sulfur dioxide concentration lies somewhat below the point where the 
sulfur dioxide and ammonia have the same vapor pressures. 

Cominco Sulfur Dioxide-Recovery Process 
The process developed at the Trail, Canada smelter of the Consolidated Mining & Smelt- 

ing Company, Ltd. to absorb sulfur dioxide from exhaust-gas streams produced by their 
metallurgical operations and sulfuric acid plant is known as the Cominco sulfur dioxide- 
recovery process. The process is based upon the absorption of the sulfur dioxide in an aque- 
ous solution of ammonium sulfite and the liberation of absorbed sulfur dioxide by the addi- 
tion of sulfuric acid to the solution, forming ammonium sulfate as a byproduct. The process 
has also been applied to acid-plant tail gases by the Oh-Mathieson Chemical Corporation 
at their Pasadena, Texas plant. Oh-Mathieson has acquired the rights to license this 
process in the United States. A flow sheet of the process as employed by Olin-Mathieson is 
shown in Figure 7-22. 
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Figure 7-21. Effect of feed composition and number of plates on the quantity of steam 
required for regenerating a relatively concentrated ammonia solution. Data of 
Johnstone and Keyes (1935) 

Absorption Step 

Operating data for four absorption systems of plants utilizing the Cominco process are 
presented in Table 7-25. Observed sulfur dioxide removal efficiencies vary from 85 to 97%. 
The degree of sulfur dioxide removal attainable in a system of this type is obviously depen- 
dent upon a large number of variables. Chief among these are 

1. Height (and type) of packing in each stage 
2. Number of stages 
3. Solution-circulation rate in each stage 
4. Gas-flow rate 
5. Solution composition (with respect to both ammonia and sulfur dioxide) in each stage 
6. Temperature 

Wood-slat packing is used in all of the absorbers described in Table 7-25. Packing of the 
lead-sinter plant and zinc-roaster plant gas-absorbers is described (Ontario, 1947) as 2- by 6- 
in. boards on edge, 2 in. apart, with each layer arranged at right angles to the one below it. At 
intervals, 2- by 8-in. boards are used in place of 2- by 6-in. boards so that the alternate layers 
are about 2 in. apart, permitting lateral flow of gas. 
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Aqueous ammonia of approximately 30% concentration is used as make-up in the Trail 
absorbers. Where several absorption stages are used, the fresh ammonia additive is divided so 
that a portion goes to the circulating stream of each tower to maintain the proper pH for opti- 
mum absorption with ammonia loss. The pH values of the solution in the various 
absorption units range from about 4.1 to 5.4. The low figure represents the richest solution with 
regard to sulfur dioxide, this circulates in the first stage of the zinc-roaster system and contacts 
gas containing 5.5% sulfur dioxide. The pH of solutions in the last stages (with respect to gas) 
of the Trail absorption systems are appximately 5.1 for the lead-sinter plant unit, 5.2 for the 
zinc-roaster plant unit, and 5.4 for the acid-plant pretreatment tower (single stage). 

Temperatures of absorption must be kept as low as possible to minimize ammonia loss 
and maintain a favorable equilibrium for absorption of sulfur dioxide. The heat of reaction is 
removed from the sulfur dioxide-absorption units handling smelter gases by passing the cir- 
culating streams of solution through aluminum-tube coolers so that the final gas-contact tem- 
perature is no higher than about 35°C (95OF). Temperature control is greatly simplified for 
the absorbers handling acid-plant tail gas, as this gas stream is so dry that evaporation of 
water to saturate it provides ample cooling if the gas does not contain more than about 1% 
sulfur dioxide. A heat balance for a typical case is presented by Burgess (1956) and is based 
upon the following overall heat of reaction for the absorption of sulfur dioxide in a circulat- 
ing solution to which 28% ammonia solution is added: 

AH = -42,750 Btu/lb mole 
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Table 7-25 
Cominco Process Absorber Operating Data 

Plant Factors 

Trail Trail Trail Olin-Mathieson 
Lead Sinter Zinc Roaster Acid Plant Acid piant 
Plant Gas Plant Gas GaS Gas 

Gas volumetric flow, scfm 
Feed gas, % SOz 
Tail gas, % SOz 
SO2 in rich sol., gil 
Gas velocity (superficial), ft/sec 
No. of stages in series 
Packing height per stage, ft. 
Approx. circulation rate, gpm: 

Stage 1** 
Stage 2 
Stage 3 
Stage 4 

SOIz removal efficiency, % 

150,000 
0.75 
0.10 
500 
4.0 
3 
17 

1,200-1,500 
1,200-1,500 

600-800 

85 

20,000(avg) 50,000-60,000 
5.5 1 .o 0.9 
c0.2 0.08 0.03 

400-550 
1.7 2.9 
4 1 2 
17 25 

450 1,000 
450 goo*** 
450 
450 
97 92 97 

*Per unit. 
**Gas feed to stage I .  

***For skzges 1 and 2 combined. 

Simple calculations show that for a gas containing 1% SO2, the heat generated by reaction 
7-71 is approximately equal to the heat required for the evaporation of water into vapor at 
25°C (77"F), assuming that equilibrium is attained with regard to water, and that the vapor 
pressure of water over the solution is about 80% that of pure water. 
Burgess (1956) points out the importance of feeding a clean gas into the absorber to minimize 

ammonia losses. The presence of an acid fog in the gas stream from H2S04 plants can cause for- 
mation of an ammonium sulfate aerosol, which is not recovered by the scrubber solution, and 
can result in a tenfold increase in ammonia losses. Too high a pH in the absorbing solution can 
also cause a fogging condition due to the formation of ammorium sulfite in the gas stream. 
As previously noted, the pH of the solution in the Cominco operation ranges from 4.1 to 5.4 

with the lowest value for the most concentrated gas stream Hein et al. (1955) found that, with a 
gas containing about 0.3% sulfur dioxide, essentially no absorption took place when the pH was 
5.6 or less. Their work was conducted using a 2 f t  inside diameter pilot-plant scrubber packed 
with 2-in. ceramic rings. As would be expected, increasing the pH gave increased S& recovery, 
but also increased ammonia loss. To attain 80% SO, recovery with 8 f t  of packed height, for 
example, a pH of about 6.4 was required, and an ammonia loss of about 5% occurred. The 
ammonia was found to be recoverable, however, by introducing a second-stage absorber. 

Stripping Operation 

At the Trail plant, a quantity of solution equivalent to both the ammonia added and the 
sulfur dioxide absorbed is continuously withdrawn from the base of the absorbers and 
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pumped to the acidifiers. These are steel tanks lined with acid-proof brick, 8 ft in diameter 
and 10 ft high. Only one tank is used at a time. In this vessel, 93% sulfuric acid is added to 
convert the ammonia to ammonium sulfate and to free the sulfur dioxide. After neutraliza- 
tion, the solution is saturated with sulfur dioxide, and it is necessary to remove the last traces 
by stripping with steam or air. A tall packed tower is used for this purpose and serves to 
reduce the sulfur dioxide content of the solution to below 0.5 g/l. The air-sulfur dioxide mix- 
ture from the top of the stripper contains about 30% sulfur dioxide and is used along with the 
pure sulfur dioxide from the neutralizer as feed to the acid plants. 

At Olin-Mathieson’s plant in Pasadena, Texas, 93% sulfuric acid is added to the solution 
withdrawn from the scrubber in a Karbate mixing tee. The mixture passes into a lead-lined, 
steel bubble-plate column through which air is blown. Acid-feed rate to the stripper is regu- 
lated by a controller operating on the pH of the neutralized solution. The air-sulfur dioxide 
mixture is forced into the drying tower of the sulfuric acid plant, and the ammonium sulfate 
solution is processed in an adjacent fertilizer plant. 

Ammonia-Ammonium Bisulfate (ABS) Process 

Development work on this process was conducted by TVA at its Colbert Power Plant 
(Breed and Hollinden, 1974; TVA, 1974). The concept is closely related to the Cominco 
process in that the SOz i s  absorbed in an ammonium sulfte solution and then liberated by 
acidulation of the solution. It differs, however, in the technique employed for acidulation. 

Spent solution from the SO2 absorber, containing ammonium bisulfite and ammonium sul- 
fite, is reacted with ammonium bisulfate according to the following equations: 

lW&S03 + NH4HS04 = (NH4)2SO4 + H;?O + SO;? (7-72) 

(N&);?SO3 + 2N&HS04 = 2(NH4)2S04 + H20 + SO2 (7-73) 

The resulting liquor is stripped with air or steam to remove the SOz and is then fed to a 
crystallizer for the production of ammonium sulfate crystals. The crystals are then decom- 
posed by heating to approximately 700°F. The decomposition reaction produces ammonium 
bisulfate for acidulation and ammonia for recycle to the process in accordance with the fol- 
lowing reaction: 

(7-74) 

In a commercial application of this process, the concentrated SO2 stream produced by the 
acidulation and shipping operations would typically be fed to a sulfuric acid plant or sulfur 
production unit. 

Catalyticll FPKEC Ammonia Process 

A major problem that has been encountered with ammonia scrubbing systems is the 
appearance of a characteristic “blue plume.” The plume is caused by the precipitation of 
ammonium salts from the vapor phase as extremely small solid particles. A research program 
was carried out by Catalytic, Inc., and its parent company (at the time), Air Products & 
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Chemicals, Inc., to develop an understanding of the mechanism of blue plume formation and 
techniques for avoiding it (Quackenbush et al., 1977; Ennis, 1977). This work led to the 
establishment of “fumeless” design criteria, which were subsequently patented (Spector and 
Brian, 1974). The essence of the Air ProductdCatalytic fume avoidance technology as p- 
sented by Quackenbush et al. (1977), is shown in Figure 7-23. The data upon which the fig- 
ure is based indicate that any combination of vapor pressures and temperatures representable 
as a point below the lower curve is not conducive to fume formation, while any point above 
the upper curve represents conditions which are likely to result in the generation of a visible 
plume. The region between the curves represents a transition zone and provides a margin of 
safety when the lower curve is used for design purposes. 

The proposed fume avoidance correlation is based on the precipitation of ammonium 
bisulfite by the following reaction: 

m 3 ( v a p )  soZ(vap) + HZo(vap) = ~so3(solid) (7-75) 

The presence of chlorides in the gas phase can also cause the formation of a plume 
(NI-I&l). In order to avoid this occurrence, Quackenbush et al. (1977) recommend that inlet 
chlorides be kept below 10 ppm by efficient aqueous scrubbing of the gas before it enters the 
SOz absorber. They also note the importance of operating the entire absorption system with- 
in the safe zone defined by the curves. For example, the direct contact of ammoniacal solu- 

I ~ 1 o ~ , M ~ ~  E -17,300/ T + 31.24 

I O g l o ~ l f i l l )  = -17,300/ T + 31.4 
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Figure 7-23. Criteria proposed by Air Products and Chemicals, Inc. for fumeless 
operation of SO2 absorbers utilizing ammoniacal solutions. Data of auackenbush et a/- 
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tion with hot dry gas or the presence of localized hot or cold spots within the absorber must 
be avoided. It is also necessary to remove ammonia from the product gas to prevent the for- 
mation of fumes outside the scrubber. This can best be accomplished by contacting the gas 
with slightly acidic water followed by an efficient mist elimination step prior to discharging 
the product gas into the atmosphere. 

Catalytic, Inc. has proposed a complete flue gas purification system which combines their 
ammonia scrubber technology with the liquid Claus sulfur recovery system developed by 
Institut FranGais du P6trole (JFP) and, if desired, the NO, removal technology of Chisso Engi- 
neering Company (CEC). The IFP process has reportedly operated successfully in a 30 MW, 
scale test installation in France, and the CEC process has been piloted in Japan (Quackenbush 
et al., 1977). The CEC process requires that catalysts (EDTA and ferrous ion) be present in 
the scrubbing solution. These promote the absorption of NO, forming an adduct. The addi- 
tives also cause the SO, to form a dithionate ((NH412SzOz) so a decomposition step for this 
compound is needed in addition to the standard ammonium sulfite process steps. The NO 
absorption reaction actually produces additional ammonia by the following overall reaction: 

2NO + 5S02 + 8NH3 + 8Hz0 = 5(N&)$04 (7-76) 

In the combined process, ammonium sulfate formed by oxidation of sulfite is concentrated 
to a slurry, then decomposed at 600" to 700°F in a step similar to that used in the ABS 
process. The liberated SOz is reduced in an HzS generating unit which can utilize reducing 
gas from a coal gasifier. The generation of HzS is controlled to produce a two-to-one ratio of 
H2S to SO2 for feed to the IFF liquid Claus reactor. The products of this unit are molten sul- 
fur and ammonia. The ammonia is condensed from the Claus plant tail gas, concentrated, 
and recycled to the absorber (Radian, 1977). 

Walther Process 

The Walther process is an aqueous ammonia FGD process that produces ammonium sul- 
fate fertilizer granulate. Ammonia loss due to vaporization into the clean flue gas is con- 
trolled by the use of a second absorber vessel with a special mist elimination system specifi- 
cally designed to remove the ammonia aerosol from the flue gas (Reijnen, 1990). 

Chemical reactions governing the process are 

Reaction in the Scrubbing Process: 

(NH&SO3 + SO2 + HZO = 2NH4HS03 

Oxidation: 

Generation of Aerosols: 

(7-77) 

(7-78) 

(7-79) 

(7-80) 
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(7-82) 

Three Walther FGD systems had been built as of 1991: the first a $45 million, 750,000 
m3/h unit on a power plant in Mannheim, Germany; the second a 191 MW,, 475,000 m3/h 
unit on the Karlsruhe municipal heating and power plant Boiler No. 3, also in Germany; and 
the third, a 40,000 m3/h demonstration unit in Port0 Vesme, Sardinia (Huvel, 1990; FGD & 
DeNO, Newsletter, 1991B). 

The first large commercial Walther plant, at the Mannheim power plant, experienced diffi- 
culties that resulted in it being shut down even though it complied with the environmental 
regulations (Anon., 1988). Aerosols generated in the scrubbing section, i.e., ammonium salt 
particles with a diameter of up to 1 p, could not be removed from the clean gas sufficiently 
to overcome local objections to the white plume. The granulating process consisting of: 
evaporation of the scrubbing solution in a spray dryer using hot, untreated flue gas; collec- 
tion of the dust in an electrostatic precipitator; and pelletizing to produce granular ammoni- 
um sulfate fertilizer; proved to be troublesome. Also, the fertilizer granulates did not reach 
the required degree of hardness and bulk density (Huvel, 1990). 

The Walther process was selected for the Karlsruhe system because no landfill was avail- 
able for disposal, no waste water discharge was permitted, limited space was available for 
the scrubbing stage, and economics were favorable. The byproduct had to be salable over the 
long term, i.e., meet ammonia sulfate fertilizer granulate specifications. The flue gas maxi- 
mum inlet concentrations of SO2 and NO, were 2,600 mg/m3 and 1,650 mg/m3, respectively, 
while the maximum allowable outlet concentrations of SO2 and NO, were 200 mg/m3 each 
(Huvel, 1990). 

The process configuration used at Karlsruhe evolved from the Configuration at Mannheim 
and is depicted in Figure 7-24. The initial configuration of the first and second stage scrub- 
bers, as well as the oxidizer and the aerosol removal stage in the second stage scrubber, are 
similar to those of the Mannheim unit, except for the countercurrent washing in the second 
stage scrubber. 

A number of problems were initially experienced with this system, and the nature of these 
problems and the corrective actions are described by Huvel(l990). One problem was insuffi- 
cient liquid separation from the flue gas passing from the first to the second stage scrubber. 
This upset the chemistry of the second stage scrubber which in turn caused a high aerosol 
concentration to exit the scrubber. This problem was corrected by installation of a second 
droplet separator between the first and second stage scrubbers. Another problem was poor 
aerosol removal in the second stage scrubber mist eliminator (44% vs. 97% expected). Poor 
aerosol removal fouled the graphite tubes of the downstream regenerative heat exchanger with 
ammonium salts and was responsible for a visible plume when the flue gas was vented to the 
atmosphere. Modifications to the mist eliminator were tried but were not entirely successful in 
eliminating the plume. The aerosol problem was finally resolved by recirculating oxidized 
scrubbing solution from the oxidizer into the scrubbing solution of the first stage scrubber, 
increasing the concentration of the oxidized HS04- and S042- ions, and thereby decreasing 
the ammonia partial pressure in the first stage scrubber. This decreased the aerosol content 
downstream of the second stage scrubber to 10 mg/Nm3. In March 1989, tests were conducted 
on the system, and all guarantees were met with the normal 0.7% sulfur coal. 

A subsequent change to a 1.2% sulfur coal resulted in an aerosol content of 40 m@m3 
exiting the system and a visible stack plume. This aerosol increase was due to an overload of 
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the oxidation section caused by the change to recirculation of the scrubbing solution. The 
residence time in the oxidizer was reduced from the original 8 hours to 20 minutes; and, 
therefore, the concentration of HSOs and S032- ions could not be sufficiently controlled. 

The fertilizer byproduct process used at Mannheim consists of a spray dryer, an electrosta- 
tic precipitator, a mixer/granulator, a pelletizer, a fluid bed dryer, a sifter, and a recycle mill 
(Martin and Bechthold, 1982). At Karlsruhe, this process was replaced by a vacuum evapo- 
ration-vapor recompression unit followed by a rotating granulator with integral fluid bed and 
rotary dryer (the so-called Kaltenbach-Thuring Granulation Process). This was the first 
application of this process to make ammonium sulfate granulate. Besides a number of 
mechanical, corrosion, and erosion defects, which were eliminated, two problems were expe- 
rienced with this system. Continuous spraying of 7 5 8  salt solution into the granulator was 
not possible due to frequent clogging, salt deposits, and dust formation. Reducing the salt 
content of the spray to 5 0 4 0 %  and increasing the heat input to the granulator was tried to 
correct this problem. Another problem was agglomeration of the granulate when it was 
stored in silos for 6-8 weeks. This problem was due to recrystallization at the granulate sur- 
face, and it was necessary to manually remove the byproduct from the storage silo. This 
problem was solved by use of a special coating developed for mineral fertilizer. 

The regenerative heat exchanger used at Karlsruhe to recover heat from the flue gas leav- 
ing the electrostatic precipitator is a shell-and-tube design with graphite tubes. This design 
avoids the corrosion and leaks that occurred with the rotating Ljungstrom type heat exchang- 
er at Mannheim. The Karlsruhe FGD system also includes a selective catalytic reactor (SCR) 
to remove NO,. Additional heat is provided to raise the temperature of the gas entering the 
SCR by use of regenerative heat exchangers in the flue gas both upstream and downstream 
of the SCR and an in-line gas-fired combustion heater. The regenerative heat exchangers for 
the SCR have water circulating between them rather than a thermo-oil for safety reasons and 
to prevent the contamination of the catalyst should leaks occur. The SCR operated without 
significant problems; however, it was necessary to raise the exit gas temperature slightly to 
avoid the sulfuric acid dew point. 

ATS TechnologyTM Process 
The ATS (ammonium thiosulfate) Technologym process licensed by Coastal Chem, Inc. 

(Salt Lake City, Utah) removes SO2 from incinerated Claus plant tail gas. There is one oper- 
ating plant, located at Table Rock, Wyoming. The Table Rock plant, which has been in oper- 
ation since 1979, processes up to about 15 MMscfd of Claus plant tail gas containing about 
5,000 pounds per day of sulfur. The tail gas stream is first incinerated to convert HzS and 
traces of sulfur to SOz: 

2HzS + 302 = 2HzO + 2S02 (7-83) 

The hot gas from the incinerator is partially cooled to about 500°F by a heat recovery steam 
generator. The gas then flows through a de-superheater and a quench vessel. The quench ves- 
sel temperature is monitored to ensure that the gas entering the first absorber stage is cool 
enough to avoid damage to the fiber reinforced plastic absorption vessels. The gas then flows 
countercmntly through three absorbers where the SQ is reacted with aqueous ammonia and 
converted to an aqueous solution of ammonium bisulfite and ammonium sulfite: 

2NH3 + SOz + HzO = (NH&S03 (7-84) 
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(NI&),S03 + SO2 + HzO = 2NH&S03 (7-85) 

At the Table Rock plant, SO2 is reduced to less than 30 ppmv in the flue gas exiting the 

The ammonium bisulfitehnmonium sulfite solution from the absorbers is reacted with 
vent stack. 

more H2S and NH3 to convert the solution to ammonium thiosulfate: 

-SO3 + (NH&SO3 + 2HzS + NH3 = 2(NH&Sz03 (7-86) 

The ammonium thiosulfate is then concentrated in an evaporator, and the concentrated 
solution is pumped to a storage tank for sale. It takes about one-half pound of anhydrous 
ammonia to react with every pound of HzS, and this produces approximately 2.18 pounds of 
ammonium thiosulfate on a dry basis or about 3.6 pounds of ammonium thiosulfate solution. 

The ATS process is claimed to be competitive with existing Claus tail gas technology for 
removing and recovering sulfur compounds. However, the economics must be calculated for 
each specific location since the cost of ammonia and the selling price for the ammonium 
thiosulfate solution vary widely. 

Fiber reinforced plastic is used for the absorbers, while 316 stainless steel is used for the 
ATS m t o r ,  the vent stack, and wherever equipment failure could release H2S. Alloy 20 is 
used in selected locations (Rooney, 1993; Anon., 1980; Zey et al., 1980). 

General Electric Ammonium Sulfate Process 

General Electric has developed an ammonia-based process and tested it on a 10,000 acfm 
pilot plant at the Great Plains Synfuels Plant in Beulah, North Dakota. A 200,000 tpy plant is 
scheduled to go into operation in March 1997 (GEESI, 1994). The process, which is 
described by Saleem et al. (1993), uses ammonium sulfate solution for SO2 absorption and 
employs in situ forced oxidation and low pH. Commercially proven limestone/gypsum 
process type equipment is used. In fact, the pilot plant ran in both a limestone forced oxida- 
tion mode and an ammonium sulfate mode. Sulfur dioxide removal efficiencies of over 99% 
were achieved with inlet SOz levels of up to 6,100 ppm, while ammonium sulfate of more 
than 99.5% purity was produced. The high-purity, high-market value ammonium sulfate 
crystals were successfully compacted into a premium granular byproduct. This process has 
the potential to lower SOz scrubbing costs below those of limestone-forced oxidation 
depending on the market for ammonium sulfate and the cost of ammonia. 

Ammonia slip at the pilot plant was less than 3 ppm, and no increase in plume opacity, as 
a result of the treatment, was observed. The low NH3 concentration in the outlet gas is attrib- 
uted to the forced oxidation, which converts ammonium sulfite to essentially non-volatile 
ammonium sulfate, and the low pH, which suppresses the vapor pressure of ammonia. 

Ammonia has a strong affinity for SO2, thus permitting a compact absorber with a very 
low liquid-to-gas ratio. However, a low liquid-to-gas ratio requires a relatively high pH and a 
high ammonium sulfite level in the scrubbing solution to provide the buffering capacity for 
SOz absorption. Both conditions generate high ammonia vapor pressure and, therefore, 
unavoidable ammonia slip into the gas stream. These conditions, however, can be avoided by 
designing scrubbers with relatively large liquid-to-gas ratios and in situ oxidation of sulfite 
in the scrubbing solution. The large liquid-to-gas ratio of this process permits low pH opera- 
tion and, therefore, negligible ammonia vapor pressure over the scrubbing solution. In situ 
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forced oxidation further ensures that the scrubbing solution is mostly ammonium sulfate, 
which is a very stable salt. 

The overall reactions of SO2 absorption and oxidation with aqueous ammonia can be sum- 
marized as follows: 

SOz + 2NH3 + HzO = (NH&SO3 (7-87) 

The actual chemical mechanisms are more complex and include sulfite-bisulfite and sul- 
fatebisulfate reactions. Oxidation occurs through chain reactions initiated by free radicals, 
and is significantly influenced by the catalytic activities of transition metal ions as well as 
the inhibiting effect of oxygen scavenging compounds such as polythlonates. 

Much fundamental work was performed to develop this process, including work on the 
oxidation, crystallization, and agglomeration of ammonium sulfate. Most of the published 
data on the oxidation of ammonium sulfite are not useful because the data are for very dilute 
solutions and are inconsistent due to the strong catalytic effect of many transition metal ions. 
Therefore, data on oxidation rates of ammonium sulfite were generated both with and with- 
out oxidation catalysts. The oxidation rate was found to be highly dependent on the concen- 
tration of ammonium sulfate in the solution, being highest at low concentrations, which indi- 
cated that oxidation and crystallization should be separate operations. 

After fly ash removal, the hot flue gas flows into a prescrubber vessel where it is co-cur- 
rently contacted (gas flow down) with saturated ammonium sulfate slurry. The flue gas is 
cooled close to adiabatic saturation, and ammonium sulfate is crystallized by the evaporation 
of water from the slurry. Thus, the prescrubber acts as an evaporator/crystallizer in which the 
waste heat of the flue gas is used for the production of crystals without the use of an expen- 
sive external heat source. The prescrubber slurry is recycled from the agitated prescrubber 
sump. No ammonia is added to the slurry, hence the pH drops to less than 2, effectively pre- 
venting any significant amount of SOz absorption in the prescrubber. 

The cooled, saturated gas leaving the prescrubber is first passed through a vertical mist 
eliminator and then the countercurrent (gas flow up) SOz absorber. In the absorber, SOz is 
removed from the flue gas with sprays of dilute ammonium sulfate solution. This solution is 
recycled to the absorber sprays from the absorber sump, which also acts as the oxidation 
reactor. Air is sparged into the base of the absorber sump to oxidize the absorbed SOz. 
Anhydrous ammonia is also introduced via the air sparger to maintain the pH of the absorber 
solution at the desired value and to react with absorbed SOz and oxygen to form ammonium 
sulfate. The clean gas is finally passed through a horizontal mist eliminator to remove any 
droplets and is then vented to the atmosphere through a stack. If necessary, the clean flue gas 
can be reheated prior to discharge. 

All of the process make-up water is added to the absorber. This ensures that the absorber 
solution is always dilute and, therefore, readily oxidizable. The exact concentration of the 
absorber solution is a function of the inlet flue gas temperature and the amount of SOz 
removed. Even at a very high inlet SOz concentration of 6,100 ppm, the ammonium sulfate 
concentration in the absorber solution is less than 30%. Under the more normal high sulfur 
coal condition of 3,000 ppm SOz, the ammonium sulfate concentration is about 15%. 

The absorber sump liquid level is controlled by the automatic addition of make-up water. 
The absorber bleed is pumped into the prescrubber as makeup via the vertical mist elimina- 
tor. In this way, deposits on the vertical mist eliminator are minimized. 
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A portion of prescrubber slurry containing ammonium sulfate crystals is automatically 
withdrawn for dewatering and separation of byproduct based on density control. This slurry 
bleed is dewatered in a hydrocyclone followed by a centrifuge to produce ammonium sulfate 
cake containing about 2% moisture. All supernatant liquor recovered from the hydrocyclone 
and centrifuge is returned to the prescrubber. 

The 98% solids centrifuge cake is processed in a drying/compacting system to generate 
granular ammonium sulfate byproduct containing less than 0.5% moisture. Alternatively, the 
centrifuge cake can be dried directly to generate a fine ammonium sulfate powder. However, 
for blending with other fertilizers, a granular byproduct is necessary. In either case, the dried 
ammonium sulfate byproduct is easily handled, transported, and stored in weather-protected 
storage facilities. 

When dealing with flue gases from oil- or coal-fired boilers, impurities such as fly ash and 
chlorides are also captured in the prescrubber and thus can accumulate in the byproduct. 
Should these impurities be undesirable, they can be separated from the ammonium sulfate 
crystals during dewatering. Since the ammonium sulfate crystals are large and the impurities 
are either very fine or in solution, the impurities stay with the supernatant liquor. The cen- 
trifuge cake has about 2% moisture and thus retains very little of the impurities. If necessary, 
the cake can be backwashed with clean saturated ammonium sulfate solution for further 
purification. A small slipstream of the supernatant liquor is filtered to purge out any sus- 
pended impurities and returned to the prescrubber. If the removal of any dissolved impurities 
such as chlorides is desired, the small supernatant slipstream can be further treated in a de- 
ammoniator to recover ammonia by the liming process. The de-ammoniator is simply a 
stirred, aerated tank in which the Supernatant slipstream is mixed with milk of lime to liber- 
ate ammonia, which is then recycled to the absorber. The de-ammoniated slipstream contain- 
ing calcium chloride, calcium sulfate, etc., can be disposed of after suitable treatment 
(Saleem et al., 1993). 

Ammonia-Lime Double Alkali Process 

Several processes have been developed based on the use of ammonium rather than sodium 
compounds as the active components of the absorbent solution of a double alkali process. As 
in the sodium-based double alkali process, absorbed sulfur dioxide is precipitated as an 
insoluble calcium salt to regenerate the absorbent. The Kurabo process represents one form 
of the technology in which lime is used to remove sulfur from solution and the precipitate is 
calcium sulfate (gypsum). This process has reportedly been employed in five oil-fired indus- 
trial boilers in Japan. Another version of the technology, the SCRA process, uses limestone 
instead of lime to remove the sulfur compounds from solution. This process has been tested 
in a small pilot plant, but apparently has not been used commercially (Behrens et al., 1984). 

In the Kurabo process, the absorbent solution is maintained at a low pH (3-4) and contains 
primarily ammonium sulfate. The sulfate is formed from absorbed SOz by continuously 
recycling the solution through a separate oxidation step where it is contacted with air. The 
low pH greatly limits the solubility of SOz in the liquid, so a large UG ratio is required in 
the absorber (50-60 gallons per Mscf). However, the low pH suppresses the vapor pressure 
of ammonia so the formation of an ammonium salt plume at the stack is avoided. A second 
advantage of this approach is that gypsum rather than calcium sulfite is produced. 

The ammonia-based double alkali process has the same advantage as the sodium-based 
system, compared to wet limdimestone processes, of using a clear solution in the absorption 
step. However, both double alkali processes have the disadvantage of greater complexity 
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than 1Mimestone scrubbexs, which generally causes them to have a higher capital cost. 
The ammonia-based solution is somewhat easier to regenerate by the precipitation of gyp- 
sum than the sodium-based system; however, ammonia is more difficult to handle than sodi- 
um compounds. According to Ando (1983, double alkali processes became less attractive as 
the wet IimeAimestone process was improved, and no new ammonia- or sodium-based dou- 
ble alkali plants were built in Japan between 1980 and the time of his report (1985). 

Ammonia-Calcium Pyrophosphate 

Work on this process has been conducted by the Illinois Lnstitute of Technology (ITT) 
with the objective of removing SO, and fly ash from flue gas while producins a valuable fer- 
tilizer byproduct. The process is based on the use of a scrubbing liquid containing calcium 
and ammonium pyrophosphates in water. Two columns in series are used the first serving 
primarily to concentrate the scrubbing solution while absorbing part of the sulfur dioxide, 
and the second to provide final gas cleanup. The byproduct, consisting mainly of diammoni- 
um phosphate, calcium sulfate, and calcium sulfite would, preferably, be sold in slurry form 
for fertilizer use. The process has been tested in a pilot plant, but no larger installations have 
been reported (Chi et al., 1982). 

AQUEOUS ALUMINUM SULFATE PROCESS 

Dowa Dual Alkali Process 

The Dowa Dual M i  Process uses a solution of basic aluminum sulfate to absorb SOz, 
air injection to oxidize sulfite to sulfate, and limestone to precipitate the resulting excess sul- 
fate in the form of gypsum. 

The process was developed by the Dowa Mining Company of Japan in the early 1980s; 
and, by 1983, ten commercial systems were operating on a variety of smelters, sulfuric acid 
plants, and one oil-fired boiler (Nolan and Seaward, 1983). The process was demonstrated in 
the United States by UOP at TVA’s Shawnee Steam Plant (Hollinden et al., 1983A). 

A flow diagram of the Dowa process is shown in Figure 7-25. A solution of basic alu- 
minum sulfate is used to absorb Sa from the gas in a packed contactor. The resulting rich 
liquor is then pumped through an oxidation tower where air is injected to achieve essentially 
100% conversion of sulfite to sulfate. Most of the liquor is recycled to the absorber to pro- 
vide a sufficiently high LIG ratio for efficient absorption. A slip stream is continuously 
removed and passed through an external neutralization loop where it i s  first used to redis- 
solve precipitated aluminum hydroxide then neutralized with limestone to regenerate basic 
aluminum sulfate solution and precipitate gypsum. The gypsum is removed from the slurry 
by conventional settling and filtration techniques, and the clear solution is returned to the 
absorption loop. The basic chemical reactions of the process can be identified as follows: 

Absorption: 

A12(SOJ3 A1203 + 3S02 = Alz(S0& A12(S03)3 (7-89) 

Oxidation: 
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Figure 7-25. Dowa process flow diagram. 
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Neutralization: 

N2(s04)3 A12(S04), + 3CaC03 + 2H20 = A12(S04)3 A1203 
+ 2CaS04 2H20 + COz (7-91) 

Aluminum Hydroxide Precipitation: 

A12(S04)3 + 3CaC03 + 2H20 = 2Al(OH)3 + 3CaS04 2H20 + 3c02  (7-92) 

The pH of the process solution is maintained in the range of 3.0 to 3.5. Because of the low 
pH and the complete oxidation realized, all of the limestone reacts to precipitate gypsum. 
Unlike conventional limestondime or the concentrated mode dual alkali processes, there is 
no calcium sulfite produced. The low pH also affects the rate of absorption of SO2 and an 
efficient contactor must be used to obtain high levels of SO2 removal. 

The removal of soluble chloride and magnesium salts is handled by treating a small bleed 
stream of the process liquor to precipitate the valuable aluminum compounds before purging 
the clean solution from the system. As shown on the flow sheet, the bleed stream is removed 
from the regenerated process liquor and contacted with limestone. An excess of limestone is 
used to raise the pH and precipitate Al(OH)3 together with gypsum. The resulting mixture is 
separated in a thickener to produce the clean solution purge and a concentrated slurry of alu- 
minum hydroxide, gypsum, and unreacted limestone. This slurry is added to the main process 
solution loop in the dissolution tank. In this tank, the aluminum hydroxide is dissolved by the 
acidic solution from the oxidation tower and the primary neutralization reactions are initiated. 

The Dowa process is claimed to offer several advantages in comparison with both conven- 
tional limestondime and sodium dual alkali systems (Nolan and Seaward, 1983). These 
include 

1. 100% limestone utilization. A secondary advantage is the use of low-cost limestone rather 

2. Scale-free operation. Calcium sulfate and sulfite concentrations are well below saturation 

3. No slurry problem in the absorber. Erosion and plugging can cause problems in lime- 

4. Tolerance to load swings. This is due to the high buffering capacity of the solution. 
5. Stable gypsum product. Gypsum crystals settle and filter more readily than sulfite/sulfate 

6. No requirement to limit oxidation. This is a requirement in sodium dual alkali systems 

than lime. 

levels. 

stondime systems. 

mixtures. 

where the sulfate concentration must be kept relatively low for efficient regeneration. 

Although some system operating problems were encountered in the Shawnee tests, the test 
program was generally successful in demonstrating the basic operability and reliability of the 
process over a range of operating conditions representative of coal-fired utility boilers. The 
economics of the process, as evaluated by Reisdorf et al. (1983), were found to be very 
favorable when compared to the more conventional (and more thoroughly developed) 
processes for desulfurizing the flue gas from a power plant burning high-sulfur coal. Howev- 
er, according to Anazawa (1984), there is no interest on the part of Dowa Mining Corpora- 
tion in marketing this process in the U.S. or elsewhere. 
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FERROUS SULFIDE WITH THERMAL REGENERATION 

Sulf-X Process 
The Sulf-X process, which is the only known system using ferrous sulfide for SO, 

removal, has not been developed to co . 1 status; however, the chemistry is sufficiently 
novel to warrant at least a brief mention. A more detailed description and economic evalua- 
tion has been prepared by Steams-Rogers Engineering Corporation for EPRI (Keeth et al., 
1983), and is the basis for the discussion that follows. 

The Sulf-X process was developed by Pittsburgh Environmental and Energy Systems, Inc. 
(Pensys). In the process, the flue gas is scrubbed with an aqueous slurry containing FeS and 
Fe(0H)z at a pH of about 6.2. The FeS acts as the primary sorbent of sulfur dioxide; while 
the Fe(0H)z aids in stabilizing the pH. As a result of the absorption reactions, more complex 
iron sulfur compounds such as Fe,S, and FeS04 are formed. Prior to regeneration, the 
absorbent slurry is mated with NazS to convert the FeS04 to Na2S04 and FeS. 

Spent slurry from the absorption step is dewatered, and the solids are dried. Regeneration 
is accomplished by heating the dried solids to about 1,400"F in the presence of coke. The 
heat decomposes Fe,S, (which approximates FeS2) to FeS and sulfur, and the coke reduces 
Na2S04 to NazS. Elemental sulfur leaves the regenerator as vapor and is condensed as liquid 
sulfur, the primary byproduct of the process. The FeS and NazS are reused in the process. 

The Steams-Rogers study concludes that the SUE-X process has the potential for lower 
capital and operating cost than the WelIman-Lmd process; however, it has several potential 
problem areas, including the operation of a high temperature calciner; the handling of three 
different solid reagents; pyrites, coke, and sodium sulfate, and the need to circulate a com- 
plex sluny through much of the process. 

SULFURIC ACID PROCESSES 

Chiyoda Thoroughbred 101 Process 
Information on the Chiyoda Thoroughbred 101 (CT-101) process is included for historical 

purposes only. The process is no longer commercially available as it has been replaced by 
the CT-121 process (Mirabella, 1992B). 

This process represents another alternative to the double alkali process. Sulfur dioxide is 
absorbed in dilute sulfuric acid, oxidized to sulfate by air blowing, then precipitated as gyp- 
sum by the addition of limestone. The oxidation rate is increased by the use of iron as a cata- 
lyst in the circulating acid and is also enhanced by the low pH of the solution. The process, 
which was developed by Chiyoda Chemical Engineering and Construction Company, Ltd., 
of Yokohama, has been used quite extensively in Japan. Fourteen plants were reportedy in 
operation at the end of 1977 (Ando, 1977). 

A flowsheet of the Chiyoda Thoroughbred 101 (CT-101) process is shown in Figure 7-26. 
This flowsheet is based on the unit treating one half of the flue gas from a 5O0-MWe boiler at 
the Toyama-Shinko Power Plant of the Hokuriku Electric Power Company, Ltd. Detailed 
operating data have been made available for this plant by Tamaki (1975). Major process 
equipment items are listed in Table 7-26. 

The chemistry of the process is d e f i d  by the following equations: 
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Table 7-26 
Key Components in the Chiyoda CT-101 Process Unit at 

Toyama-Shinko Power Plant 

Component and 
Quantity Description Material 

Rescrubber (2) 

Absorber/Oxidizer (1) 
Absorber section 

Oxidizer section 

Crystallizer (1) 

Clarifier (1) 
Absorbent recycle 

p m v  (3,2 + 1 spare) 

Air blower (2) 

Centrifuge (3) 

Mist Eliminator (1) 

Venturi type Titanium upper section, 

6 9 4  diameter x 7 9 4  height 
Packed annulus: diameter 69 and 31 ft x 316L 

Flooded tray ~ 0 1 ~ m n  30-ft 3 16L 

Cylindrical, inner circulation type, 17,000 316L 

Cylindrical type, 10,600 cu f t  Rubber lined 

3 16L lower section 

30-ft height 

diameter x 3 0 4  height 

cu ft, 22 kVA 

Centrifugal, 48,400 gpm, 6 6 4  head, 

Two stage turbo-fan; 4,400 scfm, 28 psig, 

Basket type, automatic 1.7 tph cake, 37 
kVA each 
Impingement type, two stage, 95% mist 
removal efficiency Polypropylene plates 

Rubber lining and 3 16L 

Carbon steel 

316L 

Rubber lining 

800 KVA 

300 kVA 

Absorption and Oxidation: 

2S02 + O2 + 2H20 = 2HzS04 

2FeS04 + SO2 + O2 = F%(SO& 

F%(S04), + SO2 + 2H20 = 2FeS04 + 2H2S04 

Crystallization: 

H2SO4 + CaCO3 + H20 = CaS04 2H20 + COz 

(7-93) 

(7-94) 

(7-95) 

(7-96) 

When the Toyama-Shinko boiler bums 1% sulfur fuel oil, the flue gas contains approxi- 
mately 450 ppm SOz and 2.5 to 4% oxygen. The gas passes through an electrostatic precipi- 
tator, which reduces its particulate concentration to about 0.012 gr/scf, and is then fed to the 
FGD unit at a rate of 467,000 scfm. It flows first through a venturi prescrubber, which cools 
it from 284" to 140"F, then through a packed absorber where it contacts dilute sulfuric acid, 
and finally through a mist eliminator before being reheated and released to the stack. 

The plant has obtained a 90% desulfurization efficiency, using 2.3% sulfuric acid concen- 
tration and a liquid-to-gas ratio of 210 gaY1,OOO scf (97,000 gpm). 
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PURIFIED 
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Figure 7-26. Flow diagram of the Chiyoda (CT-101) process. 

The solution is oxidized by contact with air in a flooded perforated tray column located in 
the center of the absorber. Spent dilute sulfuric acid is pumped from the absorber sump to 
the bottom of the oxidizer and flows upward through this unit cocurrently with 1,900 scfm of 
air. The oxidized absorbent overflows from the oxidizer to a distributor system, then perco- 
lates down through the absorber, which is packed with 3-in. Tellerettes. 

A portion of the recirculating H2S04 stream is continuously withdrawn to a crystallizer 
where the acid is neutralized by the addition of limestone to a concentration of 0.7 to 1.0%. 
Approximately 30.6 tondday of limestone are required when processing gas from 1 % sulfur 
fuel oil. The product of the crystallizer is a slurry of gypsum crystals in dilute acid which is 
sent to a basket-type centrifuge. Gypsum cake from the centrifuge is in the form of a rela- 
tively dry powder containing less than 10% free water. This material is widely used in Japan 
for the manufacture of wallboard and as a retardant for Portland cement. 

The liquid from the centrifuge flows into a clarifier from which settled particles are 
returned to the crystallizer, and clarified liquor (containing 0.7 to 1.0% sulfuric acid) is 
returned to the absorber/oxidizer circuit. The flow rate of the return stream is approximately 
500 gpm. A s@l amount of the dilute acid is continuously purged from the system to pre- 
vent build-up of chlorides that could cause corrosion of stainless steel equipment. A chloride 
limit of 200 ppm has been specified for the plant. The catalyst, iron sulfate, is not a major 
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cost item. It is estimated that 1,700 lb/day would be required for a CT-101 plant designed for 
90% SO2 removal from flue gas of a 250 M W ,  boiler burning 3% sulfur fuel oil. The same 
plant would need about 116 tondday of limestone (Tamaki, 1975). 

A prototype CT-101 process plant was built and tested at the Scholtz Electric Generating 
Station of Gulf Power Company. The objective of this program was to establish the applica- 
bility of the process to a coal-fired steam generator. Detailed operating data for a 25-month 
test period from 1975 to 1977 have been presented by Rush and Edwards (1977). Although 
several mechanical problems were encountered, they concluded that the overall performance 
of a properly designed and operated CT-101 system should be superior to that of direct lime- 
stone and lime systems because of its resistance to upsets, freedom from scaling, elimination 
of slurry handling in the absorption section, and wide latitude with regard to pH or concen- 
tration control. 

Possible drawbacks of the process are the high corrosivity of the absorbent, the need for 
very high liquid-to-gas ratios brought about by the low solubility of SO, in acid solutions, 
and the requirement for careful water management to avoid chloride build-up and pollution 
problems. 

ISPRA Bromine-Based Process 

This process was developed by the European Community’s Institute of Environmental 
Sciences (ISPRA) located in Italy. Ferlini, an Italian company, is commercializing the 
process in Europe. 

The ISPRA process removes SO2 with an aqueous solution containing approximately 15 
wt% H2S04, 15 wt% HBr, and 0.5 wt% bromine and produces two salable byproducts: com- 
mercial quality, 95 wt% H2S04 and Hz gas. The process has been tested at the 10 MWe level 
at a pilot plant at an Italian refmery in Sardinia. Greater than 95% desulfurization is said to 
be possible. The capital cost is said to be comparable to that of a wet limestondime system 
with substantially lower operating costs (Ferlini, 1991). The process is based on the follow- 
ing two chemical reactions: 

Oxidation of SOz to Sulfuric Acid 

SO2 + Br2 + 2H20 = H2S04 + 2HBr (7-97) 

Regeneration by Electrolysis of the Hydrobromic Acid 

2HBr = Br2 + H2 (7-98) 

Before removal of the SO2, hot flue gas is used to remove essentially all of the HBr from 
the absorbent and concentrate the sulfuric acid solution. This is accomplished by passing the 
flue gas through two evaporative concentrators into which mixed, dilute solution is sprayed. 
The sulfuric acid concentration is first brought up to 70 wt% in the pre-concentrator and then 
to 95 wt% in the final concentrator. The flue gas is also cooled in these vessels. Further inlet 
flue gas cooling takes place as the gas passes through a regenerative heat exchanger used to 
reheat the treated gas before discharge to the atmosphere. After passing through these two 
concentrators and the heat exchanger, the flue gas passes through the reactor where the 
bromine solution is sprayed into the gas to remove SO2. The cleaned flue gas then flows to a 
spray scrubber where mist is liminated, then through the regenerative heat exchanger where 
it is heated, and finally to the atmosphere through a stack. A slip stream of scrubbing solu- 
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tion flows from the reactor to the electrolyzer. Hydrogen gas is evolved at the cathode and 
bromine at the anode. The bromine is added back into the process, and the hydrogen 
becomes a byproduct. Tests have shown that hydrochloric acid and NO, in the flue gas do 
not affect the performance of the process (Caprioglio et al., 1991). 

Noell-KRC Peroxide-Based Process 

Noell-KRC Umwelttechnik GmbH offers a process for recovering both hydrochloric acid 
and sulfuric acid from municipal solid waste disposal boiler flue gas (Noell-KRC, 1992). 
Heavy metals are also removed from the flue gas. The overall process includes the follow- 
ing steps: 

1. Gas from the particulate removal equipment is quenched with water. This serves to cool 
the gas and precipitate heavy metals into the scrubbing liquid. 

2. The cooled gas is passed through a two stage HCI scrubber which produces a dilute solu- 
tion of HCl. This is distilled in a separate unit to make a 3 1 % HCI product. Gas from the 
HCl scrubber passes through a demister before entering the next step. 

3. The HC1-free gas is treated in a sulfur dioxide scrubber where SO2 is absorbed and contin- 
uously oxidized to sulfuric acid. Complete oxidation is assured by recycling a portion of 
the absorbent through an electrolytic cell that generates hydrogen peroxide in-situ. The 
hydrogen peroxide quickly oxidizes absorbed sulfur dioxide. 

Purified gas from the sulfur dioxide scrubber passes through an efficient demister to remove 
fine droplets of sulfuric acid. It is then vented through a stack, without reheat, at a temperature 
of 60-70°C. The process makes commercial grade sulfuric acid (Noell-KRC, 1992). 

Four processes that remove sulfur dioxide from gases using amines are described here. 
These are the Sulphidine, ASARCO, Dow, and Union Carbide processes. The Sulphidine 
process was operational prior to World War II while the ASARCO process has been com- 
mercial since the late 1940s. Both the Dow and Union Carbide's CANSOLV processes are 
more recent developments which use proprietary amines. 

Processes for the recovery of sulfur dioxide based on chemical absorption in amines, parti0 
ularly xylidine mixtures (called xylidine here) and dimethylaniline @MA), have been applied 
commercially for purifying smelter fumes; however, no applications on gases containing less 
than about 3.5% sulfur dioxide are known. The use of aromatic amines to absorb sulfur diox- 
ide was disclosed in 1932 in British Patent 371,888, which specifically claimed aniline and its 
homologues. The first commercially successful process of this type was the Sulphidine 
process (Weidmann and Roesner, 1935; Roesner, 1937). This process used xylidine. DMA 
was first used commercially in a sulfur dioxide-absorption plant at the Falconbridge Nickel 
Company plant in Kristiansand, Norway (Fleming and Fitt, 1950). Later, the American Smelt- 
ing and Refining Company (now ASARCO) developed a novel flow system based upon 
DMA meming and Fitt, 1946A; 1946B) and, in 1947, installed a 20 todday sulfur dioxide 
plant at their Selby, California, smelter. In 1974, ASARCO installed a 250 todday plant of a 
modified design at their Tacoma, Washington, smelter. The novel features of the ASARCO 
process are based upon the flow pattern rather than the solvent. Under some circumstances, it 
could be advantageous to use xylidine rather than DMA in the proposed flow cycle. 
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Basic Data 

Properties of three aromatie amines that have been proposed for sulfur dioxide absorption 
are presented in Table 7-27. As can be seen, DMA boils at a somewhat lower temperature 
than either xylidine or toluidine and has a correspondingly higher vapor pressure under the 
conditions in the absorber. Because of this, losses of DMA by vaporization (or chemical 
costs to recover it from the gases) may be higher than those of the other amines. 

However, xylidine (which is apparently preferable to toluidine) also has disadvantages. Its 
sulfate is only sparingly soluble in water so that if oxidation of sulfur dioxide occurs in the 
solution or if sulfur trioxide is present in the gas stream, precautions must be taken to p m  
vent the formation of crystals and subsequent plugging of equipment. The solubility of xyli- 
dine sulfite in the solvent is also not as high as wouldbe desirable. At 20°C, for example, 
crystallization occurs when the concentration of sulfur dioxide reaches 108 gA (Pastnikov 
and Astasheva, 1940). Because of this, xylidine is normally used in a mixture with water. 
Xylidine sulfite is quite soluble in water so that crystallization is avoided, and when suffi- 
cient sulfur dioxide has been absorbed, the xylidinewater mixture becomes a single phase. 

A comparison of the sulfur dioxide-carrying capacities of DMA and various xylidinewater 
mixtures is presented in Figure 7-27. Data for pure xylidine follow closely the curve for the 
2: 1 mixture. It will be noted that at low SQ concentrations, all of the xylidine-water mixtures 
have appreciably higher capacities than DMA, while at high sulfur dioxide concentrations, 
anhydrous DMA appears to have the advantage. Solubility data for xylidine are based upon 
the work of Pastnikov and Astasheva (1940). These authors found that at 40°C a maximum 
solubility of sulfur dioxide in xylidine-water mixtures occurred at a ratio of seven parts xyli- 
dine to one part water (by volume). The solubility of sulfur dioxide at this ratio, about 455 gA 
of mixture (in equilibrium with pure sulfur dioxide), corresponds to the following compound 

Table 7-27 
Properties of Aromatic Amines * 

Formula C6HSN(cH3)2 (cH3kca3NH2 CH3c-2 
Molecular wt 121.18 121.8 107.15 

Solubility in water Very slight Very slight Slight 

Temperature at which vapor 

Boiling pt., "C 193 2 12-223 200 

Vapor pressure at 2OoC, mm Hg 0.35 mm 0.20 mm 

pressure = 1 mm, "C 29.5 50 44 
Specific gravity, 20"/4" 0.956 0.97-0.99 1 .o 
*commercial grades 
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SOLUTION CONCENTRATION, GRAMS b02/LITER 

Figure 7-27. Solubility of sulfur dioxide in anhydrous dimethylaniline and various 
xylidine-water mixtures. Data of Pastnikov and Astasheva (7940) and Fleming and 
Fiit (1950) 

The melting point of this compound was found to be 53°C. 
The effects of temperature and xylidindwater ratio on the solubility of sulfur dioxide in 

xylidine-water mixtures are shown in Figure 7-28. This figure is based upon pure sulfur 
dioxide gas. According to Roesner (1937), the heat of reaction for the absorption of sulfur 
dioxide in xylidine is 4.7 kilocallg mole (132 Btdlb) sulfur dioxide absorbed. 

Sulphidine Process 
The Sulphidine process was developed in Europe by the Gesellschaft fur Chemische 

Industrie in Base1 and the Metallgesellschaft, A.G., of Frankfurt (Weidmann and Roesner. 
1936A, B). One licensor of this process, Lurgi, has not supplied any of these systems since 
1955 because of environmental problems with xylidine and toluidine (Silerberg, 1992). Both 
xylidine and toluidine, as well as ammonia, are presently classified as air toxics under Title 
III of the Clean Air Act Amendments of 1990. 
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Figure 7-28. Effect of temperaim and xylidinehvater ratio on solubility of pure SO2 gas 
at 1 atm pressure in xyiidine/water mixtures. Data of PashikovandAstasheva (IW) 

In the Sulphidine process, the gas feed to the sulfur dioxide-recovery plant is first cleaned 
in electrostatic precipitators, then passed through two packed absorbers in series where it is 
contacted with the xylidinewater absorbent. Xylidine vapors are recovered from the gas 
stream by washing it with dilute sulfuric acid before venting it to the atmosphere. The 
cleaned gas from the system contains 0.05 to 0.10% sulfur dioxide. 

The absorbent used in this process is a mixture of xylidine and water (approximately 1:l). 
The mixture fed into the top of the absorber consists of two immiscible liquids, but during 
the absorption of sulfur dioxide, water-soluble xylidine sulfite is formed. The liquid from the 
bottom of the absorber therefore consists of an aqueous solution of xylidine sulfite. 

The SO2-rich absorbent from the bottom of the absorber, carrying 130 to 180 g/l of S02 ,  is 
pumped to the top of a Raschig ring-packed stripping column in which the SO2 is removed 
by heating. The reboiler is heated indirectly by steam, and a temperature of 95" to 100°C is 
attained. From the top of the stripping column, SO2-laden vapor is first passed through a 
cooler where water and xylidine vapor are condensed, then through a water-wash column to 
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further reduce the xylidine content. From this column and from the condenser, water that is 
saturated with sulfur dioxide and contains some xylidine is returned to the stripping column. 

From the bottom of the stripping column, the stripped xylidine-water mixture is passed to a 
separator in which excess water is removed to purge the system of Na2S04. Xylidine and 
water in the proper proportions are pumped through a cooler to the top of the second absorber. 
An aqueous solution of sodium carbonate is added periodically to the circulating liquid stream 
in the second absorber. The added sodium carbonate is converted by the free sulfur dioxide to 
sodium sulfite and carbon dioxide. The latter passes out of the column with the waste gas. The 
sodium sulfite reacts with sulfate ions, which may be formed by oxidation, and the resulting 
sodium sulfate is removed from the system with the wastewater stream. 

ASARCO Process 

Process Description 

This process developed by the American Smelting and Refining Company (now ASAR- 
CO) for the absorption of sulfur dioxide from smelter gases represents an improvement over 
the Sulphidine process with regard to steam consumption and operating labor requirements. 
Although the process is reported to be applicable to either dimethylaniline (DMA) or xyli- 
dine, DMA has been used in all commercial installations of the process. The principal advan- 
tage of DMA is that it does not require water to dissolve the sulfur dioxide compound 
formed. In addition, as shown by Figure 7-27, at high concentrations of sulfur dioxide in the 
feed gas, DMA can absorb larger quantities of sulfur dioxide than xylidine. Note, however. 
that with low gas-concentrations, the use of xylidine may have an economic advantage. 
ASARCO has used the DMA process in their own plants at Selby, California and Tacoma. 
Washington, and has licensed its use at other locations worldwide. However, no ASARCO 
amine FGD systems have been built since 1979 (Fay, 1992), and no plants were known to be 
operating in 1992. The units at the Selby and Tacoma smelters were shut down in 1970 and 
1985, respectively, when these facilities closed. About ten of these plants were built world- 
wide, and the process continues to be available for license. The Tacoma design is recom- 
mended by ASARCO. although the Selby design or combinations of the two designs are also 
available. The processes at Selby and Tacoma produced 500 ppm and 1,000 ppm outlet SO2 
concentrations, respectively. 

A flow diagram of the process for the Tacoma plant is shown in Figure 7-29. Flue gas 
containing sulfur dioxide from copper smelting is first thoroughly cleaned and cooled, then 
contacted with anhydrous DMA in the lower portion of the absorption tower. Gas from this 
section of the absorber, which contains DMA vapor and a small percentage of sulfur dioxide, 
next passes through several trays where it is contacted with a 100 g/l ammonium sulfate 
solution. In the lower trays of this section, sulfur dioxide from the DMA absorber dissolves 
in water to form sulfirous acid, which captures DMA as DMA sulfite, from which both 
DMA and SO2 can be recovered. The top trays of this section are designed to be used alter- 
natively for sulfuric acid absorption of DMA, with some improvement in DMA recovery. 

Rich DMA solution from the bottom of the absorber is heated by indirect exchange with 
hot, lean DMA and is then fed near the top of the stripping column where it is stripped of its 
sulfur dioxide content by steam. The resulting hot, lean DMA (with condensed steam) is 
passed through the exchanger, cooled further, and pumped to a separator from which lean 
DMA is withdrawn as liquid feed to the absorber. The aqueous stream from the sulfurous 
acid section of the absorption tower is neutralized with ammonia in this separator. releasing 
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Figure 7-29. Flow diagram of the ASARCO process for sulfur dioxide recovery. 
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DMA to the lean DMA stream. The aqueous phase from the separator is transferred to the 
lowest section of the stripping tower where, heated by low-pressure steam injection, it boils 
to provide the skam for the DMA-stripping operation. Sulfites are decomposed to release 
SO? product; sulfates formed by oxidation (or by sulfuric acid scrubbing in the absorption 
tower) remain as ammonium sulfate in the stripper aqueous phase. This solution is used as 
liquid feed to the upper section of the absorber, and a portion is bled from the system to 
eliminate sulfate. 

Sulfur dioxide liberated in the stripping section of the stripping tower is passed through a 
rectifier where steam is condensed and residual DMA vapors are absorbed. The sulfur diox- 
ide gas is finally dried by countercurrent washing with 98% sulfuric acid, compressed, and 
condensed as product liquid sulfur dioxide. 

Design and Operating Data 

Henderson and Yavorsky (1977) describe the Tacoma plant operation. Earlier papers by 
Fleming and Fitt (1950) and by Henderson and Pfeiffer (1974) describe the Selby plant oper- 
ation and an initial design of the Tacoma plant based on the Selby plant. The Selby plant 
used sodium carbonate scrubbing of the gas from the amine absorber to remove additional 
sulfur dioxide, followed by sulfuric acid scrubbing of the gas to remove vaporized DMA. 
Removal of the Selby sodium carbonate step and its accompanying neutralization require- 
ment in the Tacoma design reduced sorbent costs and consumption and aqueous bleed 
requirements. Design and operating data for the Tacoma plant are given in Table 7-28. 

For the Tacoma plant, the absorption section of the absorption tower provides eight trays, 
with the bottom five equipped with water coolers. Tail gas from the scrubber contains 
500-1.000 ppm SOz. The rich DMA solution contains 140-160 g/l SO2. The sulfurous acid 
scrubbing section contains fifteen trays; the fifth tray from the top is equipped with total 
draw-off for opti.onal sulfuric acid scrubbing. The stripping tower is divided into three sec- 
tions: the regenerator where the neutralized acid-wash stream is boiled (containing nine 
trays), the stripping section where SO2 is released from the rich DMA stream (containing ten 
trays), and the rectifying section where steam is condensed (containing five trays). 

CANSOLV Process 

The Union Carbide CANSOLV process is a relatively new FGD process that produces 
SOz. It utilizes, a proprietary. thermally regenerable organic amine-based solution, UCAR- 
SOL Absorbent LH-201, which is non-volatile, stable oxidatively and thermally, and 
designed to meet applicable health and safety standards. A pilot plant at Suncor Inc.’s oil 
sands plant at Fort McMurray, Alberta, Canada, treated 7,000 acfm of flue gas from boilers 
burning 7% sulfur petroleum coke (Hakka and Bamett, 1991). 

The process consists of a gas cooling and prescrubbing section, a sulfur dioxide scrubbing 
section, and a regeneration and solvent purification section. The flue gas cooling and pre- 
scrubbing equipment, usually downstream of the particulate removal equipment. reduces the 
flue gas temperature, removes most of the strong acids and particulate matter, and saturates 
the gas with water. The SO2 is then absorbed from the gas in a countercurrent multi-stage 
scrubber. The scrubber utilizes air atomizing nozzles to take advantage of the absorbent’s 
high reactivity and SO2 capacity to achieve up to 99% SO2 removal. 

The absorber has interstage solvent collectors and a mist eliminator downstream of the 
absorption section. The regenerator, which may be trayed or packed, is equipped with a 
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Table 7-28 
Data from Operations of Tacoma, Washington Sulfur Dioxide Plant, 1978-85 

Plant capacity. design, tons/day 250 
4.5 

Recovery of Sol, % 96.5 to 98.8 
2.0 
10.0 
5 .O 
0.95 
125 

6,150 

Feed gas, avg. SOz, % by vol 

Dimethylaniline consumed, lblton SOz produced 
Sodium carbonate consumed. lblton SOz produced 
Sulfuric acid, 988, consumed, lblton SO2 produced 
Steam required, tonslton SO2 produced 
Power, kWh/ton SO2 (including compression of SOz) 
Cooling water at 65"F, gpm 
Operating labor: 

Foremadsupemisor, day shift only 1 
Shift operators llshift 
Shipper, day shift only 1 

Source: Fay (1992); Henderson and Yavorsky (1977) 

steam heated reboiler to regenerate the amine and a vacuum pump to ensure that regenera- 
tion occurs at low enough temperatures to suppress the disproportionation of regenerable 
SO2 into non-regenerable SO3. The SO2 from the regenerator is then dried and may be fur- 
ther processed into sulfuric acid or sulfur. 

Almost all of the sulfur trioxide is removed from the process in the prescubber and subse- 
quently neutralized by water treatment. SO3 absorbed in the scrubber forms stable amine 
salts, which are removed in a proprietary unit which processes a 1% slipstream of the total 
solution. This is significant because it is claimed that competitive units have higher slip- 
streams-up to 30% of the total circulation (Barnett. 1992). Softened water should be suit- 
able for make-up to the absorption circuit, and raw water is used in the prescrubber. The bulk 
of the make-up water goes to the prescrubber (Barnett. 1992). 

An economic study by an independent engineering firm. commissioned by Union Carbide, 
compared the CANSOLV FGD process to five other commercial processes. The processes 
compared were the co-current wet limestone, jet bubbler, countercurrent wet limestone, dry 
lime, and Wellman-Lord processes. The study showed that the economics for the CAN- 
SOLV process can be very favorable when compared with limestone processes in high sulfur 
applications (Hakka et al., 1991). 

Although initial results were promising, Union Carbide has discontinued the development 
of the CANSOLV process based on their assessment that the current market does not justify 
further development and because of the significant investment that would be required (Bar- 
nett, 1993). 

Dow Process 

The Dow process is also a relatively new, regenerable, amine-based process with the abili- 
ty to preferentially recover SOz from flue gas. Based on laboratory studies, the process can 
remove SOz to very low levels from gas streams having up to 50,000 ppm of SOz (Anon., 
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1991). The proprietary absorbent molecule is claimed to have been designed and synthesized 
to react reversibly with SOz and not with other acid gases present. The absorbent is also said 
to have a very high boiling point, be very stable, and have the EPA designation of "essential- 
ly non-toxic." A 1 M W & e  pilot unit went into operation in June 1991. 

In the Dow system, flue gas exiting the particulate removal system is first quenched and 
scrubbed with water in a prescrubber. The flue gas then passes through a mist eliminator, 
the SOz absorber, another mist eliminator, and then exits to the atmosphere. The SOz rich 
absorbent flows from the absorber to a heat exchanger where it is heated by hot, lean 
absorbent. The cooled, lean absorbent re-enters the absorber, while the SO2 is desorbed 
from the heated, rich absorbent in the S q  stripper. The SOz proceeds to the byproduct 
recovery system. 

Two waste liquid streams are produced-one from the quench prescrubber and one from 
the proprietary process that treats the absorber effluent. The stream from the prescrubber 
contains most of the halides, some of the SO3, and some of the particulate matter. The bal- 
ance of these materials is either removed in the scrubber or passes through the system. The 
prescrubber liquid effluent has a fairly low pHI and it contains the same components as the 
ash pond feed. It is therefore compatible with this stream. 

As the absorbent circulates in the SO2 absorber, it accumulates impuriries that need to be 
removed. These include fine ash particles, heat-stable salts, and other soluble compounds. 
Filters are used to remove the fly ash particles. Sulfates in the scrubbing solution, which 
result from SO3 and O2 in the gas stream, as well as other heat stable salts, are removed from 
a slipstream of lean absorbent using a proprietary process. The waste stream from the slip- 
stream treating process is an absorbent-free, slightly alkaline, aqueous salt solution. For most 
applications, potable water should be suitable for make-up to the process, and general ser- 
vice water for make-up to the prescrubber (Kirby, 1992). 

Three byproduct recovery alternatives have been evaluated-production of sulfuric acid, 
elemental sulfur, and liquid SO2 (Kirby et al.. 1991). The evaluation shows that sulfuric acid 
production is highest in capital cost, elemental sulfur production is highest in operating cost, 
and liquid SOz production has the lowest combined capital and operating cost. However. the 
relatively small'market for SO2 limits the potential application of the latter alternative. 

The process is available for license and development. However. development of this 
process has been discontinued by Dow due to the large investment required to scale up the 
process, the risks and uncertainties involved in selling to the electric utility market, and the 
lack of time to adequately prepare for the Acid Rain Phase I1 market (Whitley, 1993). 

SEAWATER PROCESSES 

In England, flue gas desulfurization using seawater discharged from the plant cooling sys- 
tem was first implemented in the 1930s (Abrams et al.. 1988). This approach was, in part. a 
replacement for freshwater scrubbing, which offered low buffering capacity and required the 
addition of chalk to increase SOz removal efficiency. Scrubbing flue gas with seawater has 
been practiced in smelter. refinery. and industrial and utility boiler applications. There are 
currently over 6.5 million Nm3h of flue gases being scrubbed by seawater with guaranteed 
SOz removal efficiencies of up to 99% (Nyman and Tokerud, 1991; Oxley et al., 1991; 
Ellestad, 1992). Some properties of seawater are given in Table 7-29 and Figure 7-30. 

There are two basic seawater FGD process concepts: one uses the natural alkalinity of the 
seawater to neutralize absorbed SO,: the other uses added lime. All commercial seawater 
FGD processes rely on the alkalinity of the bicarbonate in the seawater to neutralize the SO: 
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Table 7-29 
Typical Seawater Properties 

property References 

Sulfur Concentration, mg/l 500-900 (Oxley et al., 1991; 

Magnesium Concentration, mg/l 1,300 (Abrams et al., 1988) 

Alkalinity, milli-equivll 2.2-2.4 (Abrams et al., 1988) 

Nyman and Tokerud, 1991) 

7.5-8.5 (Krippene, 1992) PH 

Sulfuric add added, m@L 

Figure 7-30. The effect of acid addition on the pH of seawater and fresh water. 
Reproduced with permission from Oiland Gas JournalJ July, 1991, copyright Pennwell 
Publishing Go, (Nyman and TokerudJ 1991) 

thereby producing sulfite or sulfate, the latter a natural constituent of seawater. A lime-based 
seawater FGD process has been proposed by Bechtel. 

Environmental effects are the major consideration with all seawater FGD processes. Sup- 
pliers of these processes claim that the effluent does not endanger the marine environment. 
This is supported by a number of independent studies. For example, a recent study of the dis- 
charge from the Fliikt-Hydro SOz scrubber at the Mongstad refinery in western Norway con- 
cludes (Botnen et al., 1992): “No harmful impact on the benthos was observed after the out- 
let was deployed. and the content of organic material and heavy metals, except for lead, 
remains within the natural range of marine sediment. The environment conditions in the area 
were good before the outlet was deployed and continue to be so after 18 months of continu- 
ous use.” Another study was conducted where samples of the bottom fauna and sediment 
were taken from the discharges of three separate FGkt-Hydro scrubbers and analyzed. No 



Sulfur Dioxide Removal 599 

evidence of harmful impact to the marine bottom fauna was found. Although the sulfate con- 
tent experienced peaks during start-up of the unit, the sulfur content and all metal concentra- 
tions in the sediment were within natural variations (Nyman and Tokerud, 1991). The envi- 
ronmental impact of the Bechtel seawater FGD process effluent, which contains low 
concentrations of gypsum, fly ash, and non-leachable trace metals, was extensively studied 
using EPA-800. Toxicity Test Methods for Aquatic Organisms, test procedures. Several 
species of marine organisms were subjected to the effluent, and the effects of seasonal varia- 
tions were included. It was concluded that no detrimental impact from the effluent discharge 
is foreseen and that the diluted seawater scrubber system is not detrimental to marine envi- 
ronments (Abrams et al.. 1988; Nyman and Tokerud. 1991). With regard to overall ocean 
contamination issues, Nyman and Tokerud (1991) note that the oceans contain a very large 
amount of sulfur as sulfate. If this sulfur in the sea were spread out as an even layer, the total 
ocean area of the world would be covered by a 5-foot thick layer of sulfur. If all the sulfur in 
all the known oil and coal reserves were added to this layer, the thickness would only 
increase by the thickness of a sheet of paper. 

Environmental requirements often dictate the design of seawater FGD systems. In the Unit- 
ed States, EPA coastal water quality standards specify an initial mixing zone (IMZ) where the 
discharge at the IMZ boundary shall not vary more than d . 2  units from the natural pH value. 
Initial mixing is defined to be completed when the momentum-induced velocity of the die 
charge ceases to produce significant mixing of the effluent (Nyman and Tokerud, 199 1). If a 
seawater FGD process is being considered, an environmental assessment of the local receiv- 
ing waters should be made. This assessment should include evaluations of depth profiles, cur- 
rents, and tidal variations, water quality, effluent dilution and dispersion conditions, existing 
stationary and mobile marine life, and impact of the installation (Ellestad, 1992). 

Flakt-Hydro Seawater Process 

Since 1968, the Flat-Hydro seawater FGD process has been used in applications ranging 
from 3, to 375 MW,, including an initial 125 MW,, module on the 500 MW, coal-fired 
Trombay Unit 5 at Tata Electric Company in Bombay, India (Ellestad, 1992). The Flat- 
Hydro process is a once-through process that absorbs the SO, by utilizing the natural alkalin- 
ity of seawater. A schematic diagram of the process depicting a typical equipment arrange- 
ment is shown in Figure 7-31. After particulate removal, the flue gas enters a high 
turn-down absorber via the inlet quencher duct. The quencher protects the absorber from 
high temperatures while also removing some SOz. Alternatively, a gas-to-gas heat exchanger 
may be used for this purpose. The absorber is the countercurrent type with saddle packing. 
The total L/G typically varies between 30 and 110 gpd1,OOO cfm (Ellestad, 1992). The flue 
gas flows up through the absorber and is desulfurized and cooled by the seawater. A mist 
eliminator at the absorber exit removes entrained water droplets, and the flue gas is reheated 
(if required) prior to discharge. Sulfite-laden water is discharged to the sea as is or treated 
prior to discharge. Treatment consists of aeration after mixing with fresh seawater to achieve 
optimum conditions. Aeration oxidizes the sulfite ions to sulfate ions. Oxidation reduces the 
COD, raises the O2 content, and increases the pH back to the initial value. Increasing the 
velocity of the discharge via effluent pumping may also be used to meet the EPA standard 
for pH at the IMZ boundary. Dilution with additional seawater may be used to adjust effluent 
properties (Nyman and Tokerud, 1991). 

At Mongstad, Norway's stateowned oil refinery, a FlW-Hydro seawater FGD system has 
been in operation since September 1989, and has achieved SO2 and SO3 removal efficiencies 
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Figure 7-31. Typical FIWHydro Seawater process schematic. (FGD and DeNo, 
Manual, 1988) 

of 98.8% and 82.8%, respectively. Catalyst fines are removed in an upstream electrostatic 
precipitator (Nyman and Tokerud, 1991). Although an emergency stack is installed to permit 
continuous plant operation during an electrostatic precipitatorlscrubber shutdown, the unit 
has been bypassed a maximum of only 98 hours per year, yielding a 98.8% availability. The 
process uses seawater from the plant’s seawater cooling system. Spent seawater flows by 
gravity, mixes with spent process cooling water, and is returned directly to the sea. Flue gas 
reheat is accomplished by an auxiliary burner (Nyman and Tokerud, 1991; Glenna and 
Tokerud, 1991). 

Bechtel Seawater Process 

Bechtel has developed a conceptual design for a 250 MW, seawater FGD plant based on 
their dolomitic lime FGD process as used on Montana Power’s Colstrip Units 3 and 4 
(Abrams et al., 1988; Shield, 1992). Magnesium hydroxide formed by the reaction of magne 
sium in the seawater with lime in the regeneration tanks is the primary absorbent. 

The system’s main component is a top entry absorber incorporating the recycle tank and 
oxidizer. The flue gas enters through a central downcomer serving as an inlet gas quench 
chamber where some SO2 is absorbed. The gas turns up and flows through the surrounding 
outer annular absorption section containing two spray banks and a dual-flow tray. Gas veloc- 
ity is below 8 f p s  to maintain uniform gas flow and to provide adequate liquid-to-gas con- 
tact. An U G  of 34 gpd1,OOO acfm is proposed. Chevron-type mist eliminators remove 
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entrained liquid, while the need for reheating of cleaned flue gas is case specific (Abrams et 
al., 1988; Ellestad, 1992). 

Slurry from the regeneration tank is pumped to the absorber where magnesium hydroxide 
absorbs the SOz, and the resulting magnesium sulfite is oxidized to magnesium sulfate. A 
portion of the absorber recycle containing the magnesium sulfate returns to the regeneration 
tank where the magnesium sulfate is converted by reaction with lime to calcium sulfate and 
magnesium hydroxide. This slipstream is then returned to the absorber recycle loop. A bleed 
stream from the scrubber sump is diluted with additional seawater (cooling water system dis- 
charge in the conceptual design) and discharged to the sea. The calcium sulfate in this stream 
is in dissolved form when returned to the ocean. The TDS of seawater, typically 
33,000-36,OOO ppm, is increased by only about one percent, and the natural seawater pH is 
virtually unchanged (Shield, 1992). Some of the toxics passing through an existing dust 
removal system are removed in the prescrubber-quencher. The calcium sulfate concentration 
in the recycle is about 10%. 

A number of advantages are claimed for the process, including very high SOz removal, the 
discharge of non-toxic, environmentally acceptable calcium sulfate to the sea in low concen- 
trations, minimal change in TDS, virtually no change in the pH of the seawater effluent, high 
turn down, capital costs 20-25% less than a typical limestoneflime scrubber system of simi- 
lar capacity, no scaling due to high solubilities, no aeration requirement, and a slurry recircu- 
lation rate about 25% of that required for limestone scrubbing (Shield. 1992). 

Bischoff Seawater Process 

The Bischoff seawater process is derived from Bischoff s existing limestondime FGD 
process, many applications of which use seawater as the source of slurry water. While sever- 
al tests have been run using seawater as the absorbent at their existing plants, there are no 
commercial installations currently in operation. The process basically operates as a once- 
through, open-water circuit FGD system where the scrubbing water is brought into contact 
with the flue gas and is then completely discharged. As a result of the contact, bicarbonate in 
the seawater is replaced by sulfite in solution. The liquid effluent from the scrubber is aerat- 
ed in the absorber sump to form sulfates before it is diluted with additional seawater to 
increase the pH and IEturned to the sea. SO2 removal rates in excess of 95% have been 
demonstrated successfully when existing Bischoff 1imestoneAime wet FGD systems were 
operated in the seawater process mode (Krippene, 1992). 

PHYSICAL SOLVENT PROCESSES 

Physical solvent processes are usually most economical when the impurity to be removed 
is present in a high concentration and/or the gas to be treated is at a high pressure (See Chap- 
ter 14). Neither of these conditions is normally present in flue gases requiring desulfuriza- 
tion. However, the solubility of SOz is so high in some organic solvents relative to the major 
components of flue gas (N2. Oz. and CO?) that a physical solvent process can be attractive. 
This is particularly true when the SOz concentration in the flue gas is unusually high and/or 
fluctuates widely. A fluctuating SOz concentration can be handled better by a physical sol- 
vent than by a chemical solvent because of the different effects of partial pressure on solubil- 
ity in the two types of solvents. The solubility of SOz increases almost linearly with partial 
pressure in a physical solvent, but it increases only slightly, or not at all, in a chemical. sol- 
vent when the partial pressure is increased. Therefore a physical solvent will absorb propor- 
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tionately more SO2 when the SO2 concentration in the feed gas increases without requiring a 
change in the liquid flow rate, while a chemical solvent requires a corresponding increase in 
liquid rate to handle the added load. 

Additional advantages of physical solvents compared to chemical reactive solvents are 

They require less energy to regenerate than thermally regenerative chemical solvents 

They produce a more valuable byproduct (pure sulfur dioxide) than nonregenerative reac- 

They operate with a clear, single phase liquid in both absorption and regeneration steps. 

because no heat of reaction is involved. 

tive systems such as the 1imestoneAime slurry processes. 

According to Becker and Linde (1985), a physical solvent for SO2 removal must have the 
following properties: 

1. Highly temperature dependent solubility to allow regeneration by thermal means 
2. High selectivity for SO2 relative to Nz. 02. and C02 
3. High thermal and chemical stability, and unaffected by impurities in the gas 
4. Low vapor pressure 
5. Nonpolluting and nonhazardous 
6. Readily available at an acceptable price 

Few organic solvents meet all of these requirements, and even those that do are not practi- 
cal for most flue gas applications primarily because of the high liquid flow rates required. 
However, there appears to be a niche where a physical solvent can be economical; i.e., puri- 
fying gases where the SO2 concentration is relatively high (over about 0.2 vol %), but too 
low to be an economical feed to a conventional sulfuric acid plant. The economics can, of 
course, also be affected by other factors such as a fluctuating SOz concentration, the pres- 
ence of other impurities which can be removed simultaneously by the physical solvent, and 
the need for pure SO2 locally. 

Solinox Process 
The Solinox process, developed by Linde A.G. and offered in the U.S. by the Lotepro 

Corporation, uses the physical solvent tetraethyleneglycol dimethylether to remove sulfur 
dioxide and other impurities from vent gas (Becker and Linde, 1985). Descriptions of the 
process and of several commercial applications are given by Sporer (1992) and Hersel and 
Belloni (1991). 

The basic Solinox process employs a typical absorption/desorption cycle with SO2 
removed from the feed gas in a countercurrent absorber, and stripped from the physical sol- 
vent in a countercurrent reboiled stripper. In practice, the process is complicated somewhat 
by the need to water wash the feed gas before it is contacted with solvent to reduce the gas 
temperature and remove dust and some impurities; and the need to water wash both the puri- 
fied gas and the stripper off-gas to recover entrained or vaporized solvent. A distinctive fea- 
ture of the process is its ability to remove hydrocarbons, such as benzene, which are present 
in some vent gas streams and may require removal to meet air pollution control require- 
ments. Hydrocarbons are generally quite soluble in the solvent. They are absorbed and 
stripped with the SOz. The hydrocarbons can be removed from the SO2 byproduct by a frac- 
tionation step or can be destroyed by oxidation during subsequent processing. 
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The main process steps in a typical Solinox process are 

1. The feed gas is cooled and cleaned by contact with water. This can be accomplished in a 
separate vessel andor in a short section at the bottom of the absorber. 

2. The cooled feed gas is passed upward through the main absorption zone countercurrent to 
downflowing solvent. Sulfur dioxide and hydrocarbons are absorbed in this step. 

3. The purified gas flows upward through a water wash section of the column where traces 
of solvent are removed from the gas before it is vented to the atmosphere. 

4. Rich solution from the absorber. containing the absorbed SO2 and about 5% water, is heat- 
ed by indirect heat exchange with hot lean solution and flashed into the stripping column, 
which operates at a reduced pressure of about 0.5 bar vacuum. 

5. The rich solution is stripped of sulfur dioxide and hydrocarbons as it flows downward in 
the stripping column countercurrent to vapor (primarily water vapor) generated in the 
reboiler, which is heated by low pressure steam. 

6. S02-rich vapor from the stripping section of the regenerator flows upward through a 
reflux section where solvent vapor is removed from the SO2 fraction. 

7. The SO2 fraction is cooled, compressed, and further processed, as required, for its final 
disposition. 

8. The lean solution from the regenerator is cooled by heat exchange with the rich solution, 
further cooled by heat exchange with cooling water, then recycled to the absorber. 

The basic process may be modified to meet specific requirements. Auxiliary equipment 
that is sometimes required includes a gas-to-gas heat exchanger to reheat the purified flue 
gas; an inert gas separator in the rich solution line to reduce the amount of inert gases 
appearing in the SO2 byproduct; and a purification unit for the SO, byproduct stream. 

Commercial plant operating experience described by Sporer (1992) includes data from 
plants purifying flue gas streams that emanate from lead and zinc smelters, a pulp mill, and a 
barite (BaS04) reduction process. The smelter gases fluctuated widely in SO2 concentration 
with maximum values of 1.4% for the lead smelter and 2% for the zinc smelter. The pulp 
mill flue gas averaged about 0.7% SO*, while the barite reduction process flue gas contained 
about 0.5% SO2 and a high loading of dust and other impurities. Although some operating 
problems were encountered, all of the plants met their design requirements. removing from 
95 to 99.3% of the incoming SOz. 

Hersel and Belloni (1991) provide data on the utility consumption of a typical Solinox 
plant treating 55 MMscfd (55,800 m3/h) of flue gas. Such a plant would require about 390 
kW of electricity (including gas compression); 250 m3ih of cooling water ( l 0 T  temperature 
rise); 3.7 lt/h of low pressure steam (1.5 bar or 22 psia); and solvent makeup costing $9.30 
per hour (U.S. dollars). 

MOLTEN SALT PROCESS 

The only process in this category that has received significant research and development 
attention is the Molten Carbonate Process developed by Rockwell International (Oldenkamp 
and Margolin, 1969; JSatz and Oldenkamp, 1969). Although the process has not been com- 
mercialized, it is of interest because of the unique technology involved. Its potential advan- 
tages are the ability to treat the flue gas at an elevated temperature without adding water 
vapor and the production of a useful byproduct (sulfur). 
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The process operates with a closed absorbent cycle in which a molten eutectic mixture of 
sodium, potassium, and lithium carbonate is circulated to react with the sulfur oxides in the 
flue gas. The sulfur compounds are absorbed at about 800"F, forming sulfites and sulfates in 
the melt. The molten salt is next processed in a reducer, operating at about 1,40O"F, which 
uses petroleum coke to convert oxidized sulfur species to the sulfide form. Heat is provided 
in the reducer by oxidation of a portion of the coke with air. 

Molten salt from the reducer is next processed to convert sulfides back to carbonates for 
recycle to the absorber. This is accomplished in a regeneration column, which operates at 
about 800°F and uses a mixture of carbon dioxide and water vapor to displace hydrogen sul- 
fide gas from the molten salt. The hydrogen sulfide-rich gas stream from this step is fed 
directly into a Claus type sulfur plant. Work on the process was terminated after a small 
demonstration unit developed mechanical problems, including plugging of a mist eliminator 
at the absorber outlet and corrosion in some lines carrying hot molten salt. 

SPRAY DRYER PROCESSES 

The use of spray dryers for SOz removal has experienced remarkable growth. The k t  US. 
contract for a spray dryer absorber was awarded in 1977, and by mid-1992 the largest suppliers 
of these systems had sold about 249 systems. Of these, 69 were for utility applications, 30 for 
industrial applications. and 150 for waste incinerators (ABB, 1992A, €3, C; Joy, 1992). 

In spray dryer processes, sulfur dioxide is removed from the flue gas by contact with an 
atomized spray of reactive absorbent such as lime slurry or sodium carbonate solution. The 
sulfur dioxide reacts with the absorbent while the thermal energy of the flue gas vaporizes 
the water in the droplets without saturating the flue gas to produce a fine powder of spent 
absorbent. The dry product, consisting of sulfite and sulfate salts, unreacted absorbent, and 
fly ash, is collected in a fabric filter or electrostatic precipitator (ESP). The fabric filter has 
been shown to be more effective for the collection of the particulate byproduct than a 
cyclone or ESP in that there is additional reaction of the absorbent with the SOz. However, 
some recent work indicates that ESPs can also be effective secondary collectors. Current 
ESP residence times are much longer (15-25 seconds) than those of the small ESPs used in 
early investigations. Thus, there is much longer contact time between the absorbent and con- 
taminants than in earlier ESPs. In addition, electric wind blending in the ESP increases con- 
tact potential. Proponents claim that problems of dust caking on the discharge electrodes and 
gas distribution internals have been remedied and that corrosion in high chloride applications 
can be solved by the use of corrosion resistant materials (AirTECH News, 1993). 

Spray dryer processes have some significant advantages over the wet scrubber technolo- 
gies. The gas passes through and exits the spray dryer system well above the adiabatic satu- 
ration temperature rather than close to it, so no reheat or wet stack is required. Also, the need 
for corrosion-resistant materials in the gas path is avoided. The solid byproduct is very dry, 
facilitating separation from the flue gas and handling and disposal. and there is no waste 
water discharge stream. Because the gas exiting the system is dry, the draft fans can be locat- 
ed downstream of the system where the gas is cooler and the volumetric tlow is less, which 
reduces the size of the fans. Specific processes, such as the lime spray dryer, have other 
advantages. including lower capital and operating costs (Niro, 1990). However, other cost 
studies suggest that levelized busbar costs of the lime spray dryer process may not be signifi- 
cantly lower than those of wet limestone systems. Refer to Table 7-10. 

Two types of spray dryer processes, both non-regenerative (throw-away), have attained 
commercial status. The first employs a lime sluny and the second uses sodium carbonate 
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SO2 Removal Efficiency, % 
spray Fabric 
Dryer Filter Total 

40 8 48 
82 10 92 
86 12 98 

35 18 53 
50 19 69 
50 25 I5 

solution. The lime process is by far the most widely used, however, the sodium carbonate 
system, exemplified by the Aqueous Carbonate Process (ACP), was developed first. 

The spray dryer process producing byproducts for disposal was tested in 1977 by Rock- 
well International and Wheelabrator-Frye, Inc. (supplier of the fabric filter) in a joint pro- 
gram conducted at the Leland Olds Station of the Basin Electric Power Corporation in Stan- 
ton, North Dakota. Sodium carbonate, lime, fly ash, and a fly asMime mixture were tested as 
SO1 reactants. The lime- and fly-ash-containing absorbents were fed to the spray dryer as 
slurries. Data from the test program have been presented by Estcourt et al. (1978). Typical 
results for a sodium carbonate solution and a lime slurry are given in Table 7-30. For spray 
dryer and alkaline solids injection processes, it should be noted that the absorbent-to-sulfur 
ratio (stoichiometric ratio) is usually expressed on the basis of the inlet sulfur dioxide, 
whereas that of other FGD systems is expressed on the basis of sulfur dioxide removed. For 
example, at 90% removal, a 1.62 absorbent to sulfur ratio on a sulfur-in basis is equivalent to 
a 1.80 (1.6YO.90) absorbent to sulfur ratio on a sulfur-removed basis. 

As would be expected on the basis of chemical reactivity, lime is appreciably less eficient 
than sodium carbonate with regard to both SO2 removal and absorbent utilization when used 
at similar process conditions. However, by suitable adjustment of spray dryer operating con- 
ditions, lime slurry can achieve both high SOz removal and high sorbent utilization. Since 
lime costs less than soda on a weight basis and its equivalent weight is much lower, lime is 
economically preferred in almost every case (Buschmann, 1993). Sodium carbonate spray 
dryer units have been used on small systems such as glass furnaces, hazardous waste inciner- 
ators, paper mill power boilers, and coke calcining kilns. Sodium carbonate systems general- 
ly require larger spray dryers than lime (Saliga, 1990). 

Absorbent Utilization, % 
Spray Fabric 
Dryer Filter Total 

80 16 96 
82 10 92 
57 8 65 

53 28 81 
53 21 14 
41 21 62 

Table 7-30 
Performance of Spray Dryer/Fabric Filter System fo~ SOz Absorption 

Stoichiometric Ratio 

Tests with Sodium 
Carbonate Solution 

0.5 
1 .o 
1.5 

Tests with Lime Slurry 
0.66 
0.94 
1.21 

Motes: 
1. SO2 concentration in feed gas 800-2.800ppm 
2. Fabricfilter temperature approximately 200'F 
3. Fabric filterpetformairre values are based on feed to the spray dryer, not on feed to the filler 
Source: Estcoirrt et al. (1978) 



606 Gas Purification 

Aqueous Camonate Process 
The Aqueous Carbonate Process (ACP) was developed by Rockwell International and is 

now licensed by ABB Fliikt. In this process, the SOz is removed by passing the flue gases 
through a spray dryer where efficient contact with a fine mist of an aqueous sodium carbon- 
ate is achieved. The SO2 reacts with the sodium carbonate (NaZCO3) to form sodium sulfite 
(NazS03), some of which is further oxidized to sodium sulfate (Na2SO4). 

Pilot tests of the modified spray dryer absorption unit have been described (Gehri and 
Gylfe, 1973) which indicate that 90% removal of incoming S& can be realized with liquid to 
gas ratios of less than 0.4 gal/1,000 scf. In the tests, the NaC03 absorbent solution was gener- 
ally maintained as dilute as possible consistent with desired S& removal and the generation 
of a dry product. Absorbent utilization exceeded 80% in a single pass through the dryer. 

Two versions of the ACP have been developed (1) an open-loop configuration in which 
the dry spent absorbent is simply removed from the system for disposal and fresh alkali is 
continuously fed to the spray dryer, and (2) a closed-loop process in which the spent 
absorbent is regenerated and reused. The open-loop system was installed on the 410 MW, 
Coyote Station at Beulah, North Dakota (Botts et al., 1978). The plant used a spray dryer fol- 
lowed by a fabric filter for simultaneous SOz and dust removal. As indicated by the flow dia- 
gram of Figure 7-32, the process is extremely simple. Because the particulate collected on 
the fabric filter bags remains on the fabric for a period of time, the gas-solids contact time is 
extended beyond the particulate residence time in the spray dryer so additional absorption of 
SO1 by the alkaline material occurs. After this system went commercial in 1981. no other 
large soda ash spray dryers were built. About 1990, this scrubber was converted from soda 
ash to lime to eliminate solids build-up in the dryer vessel and to use lower cost lime. The 
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Figure 7-32. Flow diagram of Aqueous Carbonate Pmcess-open loop, two stage system. 
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problems incurred by the requirement to store soda scrubber waste in a lined disposal pit 
were also eliminated by conversion to lime (Pozamsky, 1990). 

A 100 MW, open-loop sodium carbonate spray dryer pilot plant at Jim Bridger Station 
was tested and evaluated. but a full-scale plant was decided against because the spray dryer 
outlet gas temperature was too low to adequately dry the product collected in the particulate 
collector. To raise the outlet temperature, it would have been necessary to raise the inlet tem- 
perature. which would have impacted boiler efficiency adversely (Angelovich, 1990). 

The closed-loop ACP system using sodium carbonate as the absorbent was selected for a 
100 MW, FGD demonstration plant under a program sponsored by the Empire State Electric 
Energy Research Corporation (ESEERCO) and the U.S. Environmental Protection Agency 
(EPA) (Aldrich and Oldenkamp. 1977; Binns and Aldrich, 1977). A flow diagram of the 
process used in the demonstration plant is shown in Figure 7-33. In this application, the 
spent absorbent particles from the spray dryer are collected in cyclones, with final removal 
of the remaining particles in an ESP. The design emission rate to the stack is 0.01 gr/scf or 
less. The gas is at least 50°F above its dew point at the stack inlet so reheat is not required. 

The dry spent absorbent is mixed with carbon (petroleum coke or coal) and fed into a 
refractory-lined reducer vessel that contains a pool of molten sodium carbonate and sodium 
sulfide at a temperature of about 1,800"F. Air is injected to oxidize part of the carbon to CO 
and CO? in order to provide the heat needed by the endothermic reduction reactions and 
maintain the overall system at the reaction temperature. 

The reduced molten salt mixture containing typically 62% Na2S, 8% Na2S04. 25% 
Na2C03. and 5% unreacted carbon and ash is continuously discharged from the reducer ves- 
sel and quenched in an aqueous slurry. Soluble constituents of the melt are dissolved in the 
aqueous medium, which is then filtered to remove unreacted carbon and ash. The clear liquor 
is reacted with carbon dioxide gas in a series of sieve tray columns to produce, ultimately, a 
solution of sodium carbonate and a gas stream containing H2S and C02. This gas is fed to a 
conventional Claus plant where the H2S is converted to elemental sulfur. The sodium car- 
bonate solution is recycled to the spray dryer as the active absorbent for SOz. 

The demonstration project was terminated for both technical and economic reasons. 
Among the technical reasons were (1) too great a scale-up, (2) unanticipated technical prob- 
lems, (3) inability to maintain steady-state conditions long enough to develop a database for 
a quantitative technical and economic assessment of the process, and (4) lack of adequate 
sparing of equipment. Among the economic conclusions drawn were (1) such a process is 
not economically competitive with throw-away processes (and would not be as long as the 
FGD byproduct continues to be classified as a non-hazardous material), (2) the process is 
unlikely to be economically competitive with the commercially proven regenerative process- 
es (Wellman-Lord and MgO). which already have limited markets, (3) there is no foresee- 
able application of the process in New York State (where the interested parties planned to 
use the process), and (4) the development of new technologies (FBC and IGCC) may be 
more attractive than a conventional coal combustion plant with regenerative FGD (Stefanski, 
1986). 

Lime Slurry Spray Dryer Processes 

Almost all of the spray dryer FGD systems installed for utility power plant and industrial 
applications use lime slurry as the absorbent (Palazzolo et al.. 1983: Liegois, 1983). 
Although lime is not as reactive as sodium carbonate, it is usually preferred due to its lower 
cost and because the spent absorbent can be disposed of more readily than soluble sodium 
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Figure 7-33. Schematic diagram of the Aqueous Carbonate Process. 
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salts. The chief disadvantages are a relatively low absorbent utilization and the need to use 
lime instead of the less expensive limestone. Some applications using Western U.S. coals 
employ the alkalinity of the coal fly ash to reduce lime costs. Limestone has been tested, but 
with little success to date (Makansi, 1989). While generally thought of as primarily applica- 
ble to low sulfur fuel applications, spray dryers are also used in medium and high sulfur coal 
applications. An early example is Argonne National Laboratories where a spray dryer has 
been operating since November 1981 with Illinois Basin coal having an average sulfur con- 
tent of 3.5%. Eighty to eighty-five percent SO2 removal is achieved. Argonne has also 
demonstrated that 90% SOz removal efficiency can be achieved with 4.2% sulfur Northern 
West Virginia coal. Another high sulfur coal application is the Salzburg plant in Austria, 
which has been in operation since 1987 (Farber et al., 1983; Felsvang et al., 1991). Potential 
factors limiting SOz removal efficiency at high inlet SO? concentrations appear to be the 
maximum economic calcium to sulfur ratio, the maximum practical slurry concentration. the 
maximum available inlet flue gas temperature. the slurry chloride content, the allowable 
approach to adiabatic saturation, and the ability to recycle sorbent. 

Niro has a patent on the recycling of dried byproducts back to the absorbent feed. Recy- 
cling reportedly reduces the absorbent consumption by 30 to 50% (Niro, 1990). Enhancers 
can also reduce spray dryer lime consumption. Brown and Felsvang (1991) have traced the 
history of enhancer use in lime spray dryer applications. The benefits of chlorides and other 
deliquescent materials were first recognized by Niro (Hansen et al., 1983). Basic research on 
the influence of deliquescent materials on lime spray dryer performance was reported by 
Klingspor (1983). The first full-scale demonstration was by EPA/EPRI at the 100 MW, 
Riverside Demonstration Plant (Blythe et al., 1983) where chloride reduced the lime con- 
sumption by as much as 30%. In the 1980s. this effect was utilized on full-scale European 
systems (Felsvang et al.. 1988). In the US, much research has been performed to determine 
the influence of chlorides on SOz removal with high sulfur coal. Barton et al. (1990) have 
correlated the effect of SO2 concentration, byproduct solids chloride content, inlet tempera- 
ture. lime feed rate, and approach to adiabatic saturation temperature on SO, removal. 

High chloride levels can necessitate increasing the spray dryer outlet temperature because 
drying is inhibited by the presence of deliquescent chloride. While raising the outlet temper- 
ature decreases the approach to adiabatic saturation, which would normally adversely impact 
SOz removal efficiency, it has been found that there is little or no increase in lime consump- 
tion with high chloridehigh temperature lime spray dryer operation. Municipal waste incin- 
erators, which are high chloride applications. rely on a high outlet temperature to ensure a 
free flowing byproduct (Brown and Felsvang, 1991). 

Burnett et al. (1991) present important data on the effects of chloride spiking on spray 
dryer and ESP performance. The testing was performed at a TVA 10-MW, spray dryerESP 
pilot plant to determine the applicability of spray dryer technology for retrofit with existing 
ESPs for medium- and high-sulfur coal applications. The results are presented in Table 7-31, 
which gives SO2 and particulate removal efficiencies for operation with medium and high 
sulfur coal and with several chloride concentrations in the recycle sorbent. The presence of 
0.6% or more chloride in the recycle material (equivalent to about 0.1% or more chloride in 
the coal) was found to increase the SOz removal efficiency from the 75-80% range to the 
89-98% range. 

With the retrofit of spray dryers to a boiler, the particulate loading to the ESP is much 
higher, and the ESP must be capable of handling this loading. As shown in Table 7-31, the 
collection efficiency increases greatly due to the addition of chlorides. and this could elimi- 
nate the need for upgrading the ESP. The apparent effect of chloride on the ESP performance 
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Table 7-31 
SO2 and Particulate Removal Efficiencies of Spray Dryer and ESP with 

Chloride Spiking: 

Approximate Chloride 
Levels in Recycle 
Solids, % 

SOZ Removal E f f i ~ i e ~ ~ ~ y  with 
Medium Sulfur Coal3 

(4 Ib S11d Btuy 
(5 Ib S / l d  Btu) 

High Sulfur Coal 
(8 lb S l ld  Btu) 

ESP Particulate Removal 
Efficiency with 

Medium Sulfur Coal3 
(4 lb N O 6  B ~ u ) ~  

(5 lb S/l@ Btu) 
High Sulfur Cod 

(8 lb Wld Btu) 

Removal EffMency, % 

0.10 0.14 0.24 0.60 0.70 1.10 1.40 l.70 2.50 

80 89 95 
89 96 98 

75-80 95/9ti5 

99.83 99.80- 99.83 

99.42 
99.85 

99.876 

99.95 99.95 99.98 

99.77 99-96 

99.96 

Notes: 
1. Conditwns: 320°F inkt gas tempemtun?, 18°F approach to saturntion. 1.3 mole Cn(OH)?/molle SO, except as noted 
2. ntc 3.5% chloride level in neyclc solidc mrresponds to 0.5% chloride level in the test coaL 
3. SO, removal increased marginally for chloride levels gnater than 1.74bfor medium sulfir coal mses. 
4 .4  lb Wl@ Bnr corresponds to about 2 2 %  S coal. Dflerences beween the 4 and 5 lWl@ Btu values are attributed to 

5. 98% SO, removal was achieved at 1.6 C& ratio. 
6. Chloride level is estimatedfor this m. 
Source: Based on 10 b4We pilot plant data of B u m n  et aL (1991) 

ESP upgmdes bqfore the lower sulfur coal tests were run. 

is hypothesized to result from the hygroscopic nature of calcium chloride. The moisture 
makes the particles more cohesive (i.e., “sticky”), so that the particles are better held, both to 
themselves and to the collection plates, and thus are less likely to become reentrained (Bur- 
nett et al., 1991). 

Spray dryedfabric filter systems remove other air pollutants along with the SOz. Heavy 
metals in particulate form are removed. Menwry, which can be present in several forms, may 
also be removed depending on the form and other factors. Very high mercury removal can be 
achieved with the injection of lime slurry containing activated carbon. Hydrochloric and 
hydrofluoric acids are removed with spray dryers (as they are in wet FGD systems) @mwn 
and Felsvang, 1991). S03/H&304 are also removed with very high efficiency (but are not 
removed efficiently in wet FGD systems). 

On-line maintenance of the spray dryer atomizers is achieved by locating the draft fans 
downstream of the atomizer to create a negative pressure in the absorbers. Regular mainte- 
nance as frequently as every two weeks may be necessary. In this regard, the emissions aver- 
aging period must be long enough to allow the system to catch up for the short, one-half to 
one hour period when the atomizer is off-line; or, if multiple atomizers are used, there must 
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be enough reserve capacity to compensate for the off-line atomizer. In this latter case: 
designing for one atomizer out of service could adversely affect the turndown capability or 
prohibit full load operation during atomizer replacement. both of which are. undesirable. In 
one application, a back-up spray system was used to allow on-line atomizer replacement. In 
Europe, typical regulations have a short averaging period. but also a yearly exclusion period, 
such as 72 hours, during which the plant does not have to meet the SO2 emissions regula- 
tions, allowing for atomizer replacement and other maintenance (Zohoumlsen, 1992). 

A simplified flow diagram for a lime slurry spray dryer system is shown in Figure 7-34. 
This diagram represents the 100 MW, Demonstration Plant on Units 6 and 7 of the Riverside 
Station of Northern States Power Company. The plant was used for extensive testing of the 
effects of various operating variables on a large 46-ft diameter spray dryer absorber (Gutslke 
et al., 1983). 

Spray dryer FGD plants consist of four major subsystems: absorbent preparation. absorption 
and drying, solids collection, and solids disposal. Because of the quantity of lime required. it is 
not usually economical to purchase lime in the hydrated form, and pebble lime is normally 
slaked on site. For installations using less than 2,000-3,000 tons of lime per year, hydrated 
lime is sometimes preferred because a slaker is not required, though its use can be more trou- 
blesome (Potter. 1991; National Lime ASSOC., 1982). An evaluation of the available limes is 
necessary to determine their suitabilitis. The National Lime Association (1982) publication, 
Lime H d h g ,  Application and Storage, provides information of value to lime users. Several 
types of slakers have been tested, including ball mills, paste, and detention types. Ball nil1 
slakers have been used for most large utility applications because they pulverize uncalcined 

FIueGas A I 
From Unit 6 

Boiler 

Flue Gas 
Fmm Unit 7 

Boiler 

- 

1 
7 

Flue Gas to 
Chimneys 

Filter I 
I 
I 
I 

- v  
Limo Slum Pumps 

Pump 

Figure 7-34. Flow diagram of the Lime Slurry Spray Dryer Process as tested at the 
Riverside Station of Northern States Power Company. (Gutslke et&., 1983 
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limestone and other solids which the simpler slalcers reject as waste material. The water used 
for slaking is critical. Fresh water is generally required for slaking; however, cooling tower 
blowdown or another low quality water may be used for dilution (Liegois, 1983). At Laramie 
River Station, cooling tower blowdown water is used for slaking. The water is softened to 
remove bicarbonate hardness and prevent calcium carbonate scaling and deposition inside the 
dual fluid atomizers. This is accomplished by bleeding a small mount of lime slurry into the 
water softening tank to precipitate calcium carbonate (Larson et al., 1990). 

Key factors affecting SO1 absorption efficiency are the dryer design (e.g., atomizer perfor- 
mance, gas residence time); the absorbent stoichiometry; and the approach to saturation. The 
general effects of the latter two variables are indicated by F'igure 7-35, which is based on 
tests at the Riverside plant. These curves correlate the total SO2 removed to lime stoichiome- 
try and approach temperature. No other effects such as chloride enhancement are taken into 
account. The curves were generated by regression analysis of the three parameters using data 
from 164 tests (Gutslke et al., 1983). 

Slurry atomization is generally accomplished by the use of rotary atomizers or two-fluid 
nozzles. Rotary atomizers appear to be preferred for large installations and nozzIes for small 
units; however, this is not a universal rule. The rotary atomizers have the advantage of high 
capacity per unit, uniformly fine drop formation, and a lower power requirement. Two-fluid 
nozzles, using air or steam to provide the atomizing energy, are simpler and easier to main- 
tain. The degree of atomization and chamber design must be coordinated to assure that the 
droplets are fine enough to provide adequate surface for SQ removal, moist enough during 
most of their flight to be effective absorbents, and sufficiently dry when they strike the walls 
to flow as a powder without adhering to the walls or to each other. Most lime spray dryer 
FGD systems have a flue gas residence time of 10 to 12 seconds and operate with an approach 
to saturation in the vicinity of about 20" to 50°F at the dryer outlet (Palauolo et al.. 1983). 
Adequate sizing is important to prevent deposits from forming in the spray dryer vessels. 

Approach Temp. I 18 F 

I / /Approach Temp. = 40 F 

OJ 
0.0 0.2 0.4 0.6 0.8 1.0 1.2 1.4 1.6 1.8 2 

Lime Stoichiometric Ratio (Based on SO, Removed) 

Figure 7-35. SO2 removal by tfie Lime Slurry Spray Dryer Process as a function of 
stoichiometric ratio and approach temperature. (Gutslke et a/., 7983) 
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As indicated by Figure 7-35, reducing the approach to saturation can result in a signifi- 
cant improvement in SO2 absorption. Unfoctunate.ly, this technique is limited because a mar- 
gin of safety is required to prevent water condensation in downstream equipment. With 
given gas inlet conditions (rate, temperature, and humidity), the. approach to adiabatic satura- 
tion in the spray dryer is established by the amount of water fed in the lime slurry. For typi- 
cal operating conditions, this generally results in liquid-to-gas ratios ranging from 0.2 to 0,3 
gaY1,OOO scf. 

Absorption efficiency can also be improved by increasing the CaOISQ stoichiometric 
ratio. This can be accomplished by raising the concentration of lime in the feed slurry. As 
previously discussed, another approach is to recycle a portion of the spent absorbent using 
solids that have dropped out in the spray dryer or that have been collected in the fabric filter. 
Recycle can increase SO2 removal efficiency and/or absorbent utilization and also increase 
the utilization of fly ash alkalinity. 

The particulate removal equipment represents a key component in spray dryer FGD sys- 
tems. Not only does it prevent the release of particulate into the atmosphere, it can also pro- 
vide considerable SO2 removal capability. This feahwe is the subject of a U.S. patent (Gehri 
et al., 1980). For example, both a fabric filter and an ESP were used in the Riverside Station 
lime spray dryer tests (Gutslke et al., 1983). The fabric filter typically averaged about 15% 
S& removal efficiency; whereas, the ESP averaged only 6%. Almost all commercial l i e  
spray dryer FGD installations have employed fabric filters. With systems in which the gas is 
quenching from very high temperatures, the loss of quench cooling with resulting heat dam- 
age to the downstream fabric filter bags is a serious concern. 

Combined S02/NOx control is possible in a spray dryedfabric filter system. However. the 
temperature of the flue gas at the fabric filter exit must be above about 180°F. which is well 
above typical adiabatic saturation temperatures. It has been suggested that combined 
S02/N0, removal might be applicable in retrofit situations where 70% SO2 removal in con- 
junction with 40-50% NO, removal is acceptable. Addition of sodium hydroxide enhances 
SO,/NO, removal. However, the high outlet temperature makes the lime consumption go up 
appreciably. Significant NO to NO2 conversion within the fabric filter has been observed 
under these conditions creating a stack opacity problem (Huang et al., 1988). The high spray 
dryer exit temperature normally requires a high inlet (boiler outlet) temperature, which 
adversely affects boiler efficiency. 

In the early- to mid-l98Os, Joy/Nh tested their lime spray drym SO,/NO, process in 
Copenhagen, at Argonne National Laboratories, and at Northern States Power's 100 MW, 
Riverside Station. In these tests, a small percentage of sodium hydroxide solution was mixed 
with the milk of lime feed to the. atomizer. It was reported that the observed increase in NO, 
absorption occurred as a result of a more porous, heavier filter cake deposit on the filter bags 
at essentially normal fabric filter pressure drop. The solid waste byproduct from the 
SO,/NOx process contains calcium nitrate, which is the end product of NO, removal. Better 
NO, absorption was accomplished at higher 0 2  and SOz levels in the flue gas and at flue gas 
temperatures above 190°F at the fabric filter. SO,/NO, reduction efficiencies of approxi- 
mately 85-95%/2&30% were achieved on low sulfur coals, and 85-95%16&70% on high 
sulfur coals. The overall stoichiometric ratio for the SO,/NO, process was somewhat higher 
than for a straight dry FGD process. The main disadvantage of the process was the formation 
of a distinctly yellow stack plume resulting from the relatively high NO, vs. NO concentra- 
tions contained in the flue gases leaving the system (Krippene, 1992). 
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CdS  
Ratio 

1 .o 
2.0 
2.5 
1 .o 
2.0 
2.5 

Duct Spray Dryer Process 

SOz Removal, % 
APP- Inlet SOz ESP ESP 

("F) @Pm) Inlet Outlet 

20-30 1,2W2,8OO 60 75 
45 50 

70 85 
30 40 

50-55 1,200-2,800 50 60 
60 70 

The duct spray dryer process is very similar to the spray dryer process except that the 
slaked lime slurry is sprayed directly into the ductwork to remove the SOz. No spray dryer 
vessel is used. The spent absorbent and the fly ash are captured in a downstream particulate 
collector. A portion of the collected particulate is recycled and reinjected. Several pilot plant 
programs are either underway or have been completed (Keeth et al., 1991B). 

For example, work on duct spray drying was performed at the converted DOE Duct Injec- 
tion Test Facility, which operates on a 12 MW,, 50.000 acfm slipstream. Data, which illus- 
trate the effect of CdS ratio on SO2 removal, are presented in Table 7-32 (Felix et al., 1991). 
Testing by Brown et al. (1991) sponsored by the Pittsburgh Energy Technology Center 
(PETC) on a small 1.7 MW, pilot plant confirms these results and further indicates that the 
addition of chlorides to the humidification water and the use of absorbent recycle enhance 
SOz removal, which would be expected due to the similarity of duct absorbent injection to 
spray drying. Some build-up problems in the duct were experienced, but were in part due to 
the small size of the duct (Brown et al., 1991). 

A duct spray dryer process developed by Bechtel, called the Confined Zone Dispersion 
(CZD) process, uses a finely atomized slurry of hydrated lime that is injected into the duct- 
work between the preheater and the electrostatic precipitator. The gas is about 250" to 300°F 
at the point of injection. A straight run of duct on the order of 50 to 100 ft in length is needed 
downstream of the injection point to allow slurry droplets to dry before they impact the duct 
walls or turning vanes. The process has been tested in several pilot scale and p m f  of con- 
cept programs starting in 1986. These tests showed the process to be capable of removing in 
excess of 50% of the SO2. More recently, the CZD process has been installed and operated 
in a demonstration unit at the Seward Station of Pennsylvania Electric Company (Abrams et 
al., 1987; Abrams and Zaczek, 1991). 

Gas Suspension Spray Dryer Process 
A process that is closely related to both conventional and duct spray dryer systems is the 

Gas Suspension Absorption (GSA) process, developed by FLS miljo ah in Europe and 
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offered in the U.S. by Airpol, Inc. In the GSA process, the SO2-containing flue gas from the 
air preheater flows upward through an empty vertical column (reactor). A freshly slaked lime 
slurry is sprayed into the bottom of the reactor and flows upward with the gas. SO2 (and 
HC1) are absorbed into the droplets of slurry as they dry and react with the lime. As in other 
spray dryer systems. the drying operation cools the gas stream and produces fine solid parti- 
cles of spent sorbent. 

The mixture of flue gas and dry particles (including fly ash) flows out of the top of the 
reactor into a cyclone separator. Most (about 90%) of the entrained particles are removed in 
the cyclone. A major portion of the collected material is recycled to the reactor, while the 
balance is discharged as byproduct. Gas from the cyclone next passes through a high effi- 
ciency particulate collector system then to the stack. Material from this collector is added to 
the cyclone discharge to form the total byproduct stream. The process has been used in sev- 
eral waste incineration units in Europe, and a 10 M W ,  demonstration plant was started up at 
TVA’s National Center for Emissions Research in November 1992 (Airpol, 1993). 

Spray Dryer Byproduct Disposal and Use 

The byproduct removed from a lime spray dryer/particulate control system is a dry, flow- 
able powder containing calcium sulfite, calcium sulfate, fly ash, and unreacted absorbent. It 
is usually conveyed pneumatically to a silo for storage prior to disposal and is typically dis- 
posed of in a landfill. Water is often added for dust control. This causes pozzolanic reactions 
to occur resulting in a final byproduct of low permeability and desirable landfill characteris- 
tics (Liegois, 1983). Table 7-17 gives important properties of spray dryer byproduct. 

There are a number of EPRI publications that are of value in the design of landfills for 
lime spray dryer FGD byproduct. EPRI (1988A) Report CS-5782, characterizes eight spray 
dryer byproducts from western coal applications. It is the source of the spray dryer byprod- 
uct data given in Table 7-17. EPRI Report CS-5312 (Klimek et al. 1987) gives some guide- 
lines for the design of the byproduct management system for a lime spray dryer. Farber 
(1988) provides information on the spray dryer byproduct from an eastern coal application, 
and Cox and Kaplan (1983) describe operating experience for the spray dryer byproduct pro- 
cessing plant at Holcomb Station Unit No. 1. 

Lime spray dryer system byproduct has been found to be suitable for some end uses. At 
many European installations, a large percentage of the fly ash is collected ahead of the spray 
dryer and is sold. This leads to two categories of applications for spray dryer byproduct: 
those that can use a low fly ash byproduct and those that can use a high fly ash byproduct. 
Applications (and potential applications) for the low fly ash byproduct include landfilling, 
soil sulfation and liming, industrial sludge treatment, cement retardation, cement sulfur con- 
tent correction, sulfuric acid production (with reductive calcination), and as anhydrite (with 
thermal treatment) for use in the cement and mining industries. Potential applications that 
have been studied for the high fly ash byproduct include ocean reef construction. grouts. 
road construction, liners, membranes, cap materials, autoclaved bricks, sand-lime bricks. 
plain concrete articles, and ready mixed concrete (Niro, 1988). The additional expense and 
the complications of such applications have prevented them from becoming popular. In 
Europe, most older spray dryer applications have permits for disposal of the byproduct in a 
landfill. The newer plants have fly ash collection ahead of the spray dryer. and the spray 
dryer byproduct goes to a lined pit. In Europe, the byproduct is now considered a hazardous 
waste. This has caused many in Europe to prefer wet limestone and lime scrubbers 
(Buschmann, 1992). 
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EPRI (1988C) and Cornelissen (1991) provide information on uses for these byproducts. 
EPRI (1988C) also gives transportation costs, which are important in estimating costs for 
various disposal options. 

For sodium-based spray dryer byproduct disposal and use, refer to the discussion under 
the heading “Dry Sorption Byproduct Disposal and Use” in the following section. The sodi- 
um-based spray dryer byproduct is similar to the sodium-based dry sorption byproduct. 

DRY SORPTION PROCESSES 

This section describes processes in which the SO2 is removed from the gas stream by reac- 
tion with a dry material. The operation is referred to by the generic name “sorption” to dif- 
ferentiate it from adsorption (which is covered in the next section) and absorption which is 
usually reserved for liquid-based operations. A considerable amount of development effort 
has been aimed at dry sorption processes primarily because of their apparent advantage over 
aqueous absorption systems of permitting stack gas treatment without cooling and saturating 
the gas with water vapor. Several of the processes involve injection of the dry sorbents into 
existing boiler plant equipment or ductwork, resulting in a further potential advantage of low 
capital cost. 

As shown in Table 7-33, dry sorption processes may be classified as non-regenerable and 
regenerable, and these two groups may be further categorized on the basis of the type of sor- 
bent used and the contact mechanism employed. 

Non-regenerable (also called “throw-away”) processes utilize relatively low-cost sorbents 
such as limestone, lime. and naturally occurring sodium salts, and employ simple flow 
arrangements. The principal operating costs of non-regenerable dry sorbent systems are the 

Table 7-33 
Classification of Dry Sorption Processes For Sulfur Dioxide Removal 

Type of Process 

Contact 
Mechanism Lime Limestone Soda 

Regenerable 
Sodium MgO- 

Aluminate Based CuO 

Injection 
Lower Furnace 
Upper Furnace 
Economizer 
Duct 

Fluidized Bed 
Moving Bed 
Fixed Bed 

X X 
X X 
X 
X X 
X X X 

X X 
X 

Notes: 
1. Humidi$cation can Be used with many of these processes to enhance collection eficiency. 
2. Some processes are hybrids. 



Sulfur Dioxide Removal 61 7 

purchase of fresh sorbent and the disposal of spent material. Several non-regenerable dry 
soqtion processes have attained commercial status. 

Regenerable processes typically utilize more expensive sorbents such as sodium alumi- 
nate, magnesium oxiddvermiculite composite, and copper oxide. Also, they require more 
complex process schemes to move the sorbent between sorption and regeneration operations, 
and generally a high operating cost for energy and/or reducing agent in the regeneration step. 
Their main advantage is the elimination of the continuous requirement to procure large quan- 
tities of fresh sorbent and dispose of the spent waste material. The production of a salable 
byproduct (sulfur, sulfur dioxide. or sulfuric acid) seldom represents a significant economic 
incentive. Although none of the regenerable dry sorbent SO1 removal processes can be con- 
sidered fully commercial at this time, development work is still underway, and some of the 
early results show promise. 

In the discussions that follow. dry sorption processes are categorized on the basis of the 
sorbent utilized: i.e, dry limdimestone, sodium salt injection, alkalized alumina, dry MgO- 
based, and copper oxide processes. 

Injection of Dry Alkaline Solids 

The concept of injecting dry powered alkaline solids into the hot combustion gases in the 
boiler (or into the exhaust gas downstream of the boiler), then collecting the reacted material 
together with fly ash, is an extremely simple SO2 removal technique. As a result, a consider- 
able amount of research and development work has been conducted on this approach. At this 
time, however. only a few commercial applications exist. The technology is particularly 
applicable to retrofits because no additional gas train equipment and only a small amount of 
additional equipment is required. The greatest potential for many of these processes is proba- 
bly the retrofit of older plants of small to medium size having a moderate SO2 removal 
requirement, low plant capacity factor, short remaining life, and limited space available for 
equipment. All of the technologies rely on the reaction of dry alkali sorbent particles with the 
SO2 in the flue gas. 

All the dry injection processes share many common features. Smaller sorbent particles 
achieve higher SO2 removal because they expose more external surface area to the gas. The 
initial reaction takes place on these external surfaces very quickly-usually within one sec- 
ond. Particles with many large pores (high internal surface area) remove more SOa, but the 
reaction takes longer as the SO2 must diffuse into the pores. then through the layer of reacted 
sorbent. The products of reaction can also block the pores as they form. It is believed that the 
pore structure of a particle is enhanced as a result of the partial decomposition of the parti- 
cles, i.e.. pores are created in the initial phase of the reaction: limestone gives off CO? gas 
when heated. hydrated lime gives off COa in the external calcining process and then H20 
when injected into the furnace, and sodium bicarbonate gives off both C 0 2  and H20 when 
heated. Humidification ahead of the particulate collector to within about 20°F of adiabatic 
saturation enhances SO2 removal. Residence time in the limited reactive temperature range 
and the SO2 concentration also affect performance (Bjerle et al.. 1990. 1991; Goots et al., 
199 I). Information on the physical and chemical phenomena associated with duct injection 
technology encompassing both experimental data and computer modeling is given by Peter- 
son et al. (1989). 
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Dry Lime/Limestone Processes 

Furnace Sorbent Injection Processes 

Furnace sorbent injection is a technique in which lime or limestone is injected into wall- 
and tangentially-fired boilers to react with SOz. Humidification may or may not be utilized 
upstream of the ESP for improved sorbent utilization (Keeth et al., 1991B; Princotta, 1990). 

The limestone calcination reaction proceeds best at temperatures near 2,300"F. Reaction 
between sulfur dioxide and calcined limestone particles occurs primarily in the temperature 
range from about 1,000" to 2,600"F. Temperatures in the vicinity of 3,000"F occur near the 
bottom of typical boiler furnaces and are high enough to render the limestone inactive if the 
sorbent is injected at this elevation. As a result, the boiler injection point must be carefully 
selected. Injection directly with the fuel has resulted in low SO? removal efficiencies pre- 
sumably because of the excessive temperature encountered by the sorbent. 

The SO? removal efficiency is affected by numerous factors, chief among them being the 
quantity of sorbent used. In early tests conducted by Combustion Engineering (Plumley et 
al.. 1967). only about 20% of the SO2 was removed from hot flue gas when a stoichiometric 
amount of raw dolomite was injected. Similarly, the Wisconsin Electric Co. observed very 
low SO2 removal efficiencies with slightly below stoichiometric quantities of injected lime- 
stone, but obtained 40 to 50% reduction in SOz with 75% excess limestone (Pollock et al., 
1967). Other important factors are flue gas temperature distribution in the sorbent injection 
zone, residence time of the sorbent in the reactive temperature range, sorbent dispersion, and 
sorbent reactivity (Chughtai et al., 1990). 

An extensive furnace sorbent injection demonstration project has been conducted on a 
wall-fired boiler at Ohio Edison's Edgewater Station. The process is called LimeLimestone 
Injection with Multistage Burners (LIMB). Goots et al. (1991) review the process and pro- 
vide the test results given in Table 7-34. This full-scale program characterized the SOz 
removal efficiency for various calcium-based sorbents: calcitic limestone, dolomitic hydrat- 
ed lime, calcitic hydrated lime, and calcitic hydrated lime with a small amount of added cal- 
cium lignosulfonate. Results are presented for the effects of limestone particle sue distribu- 
tion (both with and without humidification to a close approach to saturation upstream of the 
ESP) and for the effects of injection at different furnace elevations. Humidification to a 20°F 
approach to saturation ahead of the precipitator was found to enhance removal efficiencies 
by about 10% over the range of stoichiometries tested. Without humidification. the "ligno" 
lime gave the highest removal efficiencies. The very fine (100% less than 10 microns) mate- 
rial is not considered a feasible sorbent at this time because the cost is four times as high as 
that of the other two materials. The higher removal efficiencies of the fine grind materials 
are attributed in part to the greater particle surface area available for SO2 sorption. The opti- 
mum injection level corresponded to a 2,300"F furnace temperature. None of the sorbents 
appeared to have any effect on NO, emissions. 

While burning 3.0% sulfur and 10% ash coal during the Edgewater tests, the injection of 
sorbent at a Ca/S ratio of 2 almost tripled the ash handling system rate. However, humidifi- 
cation of the flue gas was found to increase the ESP's particulate collection capabilities to 
acceptable levels. The moisture in the gas reduced the electrical resistivity of the ash which 
improved ESP performance. The humidifier proved to be relatively trouble-free. h e  to the 
cementitious properties of the quicklime and the pozzolanic ash, the byproduct bridged over 
the ash-handling system's aspirating water jets used to pneumatically convey the ash. The 
problem was solved by rodding out the jets more frequently. The impact of sorbent injection 
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Table 7-34 
Summary of SO2 Removal Efficiencies Achieved at the 105 MW, 

Edgewater Pulverized Coal Unit 4 
(at Ca/S of 2.0 with Injection at the 181 -Ft Elevation) 

Sorbent and Test Condition 

SO2 Removal Efficiency, % 
Nominal Coal Sulfur, wt % 

1.6 3.0 3.8 
Limestone, Calcitic (80% e 44 pm) 

wlo Close Approach 22 25 NT 
with Close Approach 29 NT NT 

Limestone, Calcitic (100% e 44 pm) 

Limestone, Calcitic (100% e IO 

Lime, Hydrated Dolomitic 

wlo Close Approach 31 NT NT 

w/o Close Approach 38 NT NT 

wlo Close Approach 45 48 52 
with Close Approach 62 58 NT 

wlo Close Approach 51 55 58 
with Close Approach NT 65 NT 

Lime, Commercial Hydrated Calcitic 

Lime, Commercial Hydrated Calcitic, with Calcium 
Lignosulfonate5 

wlo Close Approach 53 63 61 
with Close Approach 70 72 71 

Motes: 
1. The 181-fi injector elevation is approximately opposite the nose of the furnace where combustion 

2. w/o stands for without, NT for Mot Tested. 
3. "Without close approach" is defined as operation at a humidifier outlet temperature suficient to 

maintain ESP performance, typically 250" to 275°F. "Close approach '* is defined as a 20°F 
approach to adiabatic saturation (approximately 125°F) measured at the humidifier outlet for the 
coals used or 145'F. The humidifier is located between the air heater and the ESP. 

temperature is about 2,300"F. 

4. The 10 pm sorbent was considered too expensive. 
5. Aiwnialous results of testing with calciuin lignosulfonate appeared to result from unexplained vari. 

Source: Goots et al. (1991) 
ations in reactiviry. 

on the boiler was dependent on the adequacy of the sootblowing system. Some difficulty was 
encountered when the byproduct was loaded into trucks for transportation to the landfill 
because steam generated by the waterlquicklime reaction made it impossible for the operator 
to see how much space remained in a truck bed. However, the steam emanating from the sur- 
face of the byproduct presented no sustained problem as it subsided within about 15 minutes. 
At the ash disposal site, the byproduct posed no significant problems for bulldozers because 
the pozzolanic reactions did not proceed to any appreciable extent at the relatively low 
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waterlbyproduct ratios used to ensure that the byproduct could be readily dumped from a 
truck (Nolan et al.. 1990). 

Two test landfills containing byproduct from Edgewater have been constructed and instru- 
mented. No problems were encountered with rapid set-up of the wetted byproducts or with 
dusting of unwetted byproducts. A preliminary chemical characterization of the byproduct 
indicates that the material is similar to other calcium-injection byproducts with unreacted lime 
initiating pozzolanic reactions in the wetted byproduct cementing it into a coherent mass. 
Solidification decreased the permeability of the byproduct markedly (Holcombe et al., 1990). 

Leachate from the byproduct is characterized by high pH, low metals content, and high 
concentrations of common ions, including calcium, potassium, sodium, chloride, and sulfate. 
These major ions are also present in moderate concentrations in the background groundwater 
and are unregulated constituents under the primary drinking water standards. Total leachate 
production is expected to be low, given the low permeability of the weathered solid byprod- 
uct. Leachate chemistry shows the effects of equilibrium with cementitious phases in the 
landfill byproduct. The growth of the cementing phases alters the leaching behavior of the 
byproduct from that observed in the fresh byproduct as the new mineral phases preferentially 
incorporate some ions such as calcium (Holcombe et al.. 1990). 

Furnace sorbent injection using lime/limestone also removes SO3, HCl, and HF in the 
boiler. The H2S04 acid dew point is therefore reduced allowing potentially lower boiler out- 
let temperatures and higher boiler efficiency (Landreth and Smith, 1989; Michele, 1987; 
Peterson et al., 1991). The removal of chlorides and fluorides may also prove beneficial as 
HCI and HF are on the EPA’s list of hazardous air pollutants. 

Tampella Lzfac Process. Lifac stands for Limestone Injection into the Furnace and ReAc- 
tivation of Calcium. With this variation of the furnace sorbent injection process, limestone is 
injected into the upper part of the furnace, is calcined, and reacts to remove S 0 2 .  The flue 
gas containing lime, spent lime. and fly ash flows to a vertical activation reactor, located 
between the air heater and particulate collector. Water, sprayed into the reactor to humidify 
and cool the gas, and the increased particulate retention time improve SO2 removal. The dry 
particulate elutriates from the reactor and flows with the flue gas to a downstream particulate 
collector. The Lifac process can achieve 80% SO2 removal efficiency (Keeth et al., 1991B). 
The largest commercial installation as of 1991 was a 300 MW, unit. The process is commer- 
cial in Finland, the Soviet Union, Canada, and the U.S. (Lifac, 1991; Enwald and Ball, 
1991). The Lifac process is being demonstrated on Richmond Power & Light’s 60 MW, 
Whitewater Valley Unit No. 2 as a part of the Department of Energy’s Clean Coal program. 
Here, the goal is to demonstrate 70 to 80% SO2 removal at a CdS ratio of 2.0. Other furnace 
injection techniques were unsuccessful here because the boiler has a high heat release rate. 
The reactor vessel makes the capital cost of the process higher than that of some competing 
processes, but the use of limestone decreases operating costs (Lifac, 199 1). 

R-SO, Process. R-SO,, a hybrid furnace sorbent injection process developed by Fossil 
Energy Services International, Inc., is claimed to remove both SO2 and NO,. However. only 
SO2 removal has been demonstrated. The R-SO, process uses atmospherically hydrated lime 
with a proprietary additive to remove SO2 and would use lime-urea hydrate if NO, were to 
be removed. Projected capital and operating costs as of 1990 are $1 16/kW and 9.8 
millskwh, respectively, vs. $286kW and 15.2 millskwh for a comparable wet FGD system 
based on a new 500 MW, pulverized coal plant burning 0.6% sulfur coal and 95% SO2 
removal efficiency. Limits of the technology are said to be about 95% SO2 reduction and 
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about 25 ppm outlet SOZ. The process developers claim that the process is particularly well 
suited for medium and high sulfur applications (Teixeira et al., 1990). 

Both the SO2 removal efficiency and the outlet SO2 concentration are controlled by vary- 
ing the recycle and the CdS ratios. Most of the process benefit appears to come from recy- 
cle, but use of an additive may reduce the sorbent requirement by 30%. Recycle ratios are 
typically between 1 and 20 with the total particulate flow through the boiler limited to 
between 2 and 3 times the fly ash flow. Sorbent utilization has been 32% without the addi- 
tive and 42% with it (Teixeira et al., 1990). 

Fresh sorbent mixed with recycled material is injected into the furnace in the region where 
the flue gas temperature is 1,45Oo-1,700"F and collected in a downstream particulate collec- 
tor. Two possible collection equipment configurations have been identified. In the first 
arrangement. an ESP is operated to collect 90% of the fly ash and 10% of the sorbent with 
the balance flowing to a downstream fabric filter. This is possible because of the differences 
in size and resistivities of the ash and sorbent particles. In the second arrangement, all the 
material is collected together. Collected material is mixed with fresh sorbent and reinjected. 
In retrofit situations, it is claimed that existing precipitators can be modified to accommodate 
this process (Teixeira et al., 1990). 

Economizer Injection Process 

Economizer sorbent injection is identical to furnace sorbent injection except for the injec- 
tion point location. With economizer sorbent injection, hydrated lime is injected into the 
boiler economizer inlet. An optimum temperature range (900" to 1,000"F) for SOz reaction 
occurs near this location and 50% SO2 removal efficiency has been achieved. The process is 
currently undergoing pilot plant testing (Keeth et al., 1991B). 

Duct Injection Process 

With duct injection, SO2 is removed by injecting hydrated lime into the ductwork, typical- 
ly upstream of the particulate collector. To increase sorbent utilization, water may be inject- 
ed upstream of the lime injection point to cool and humidify the flue gas, and a portion of the 
collected particulate may be mixed with fresh sorbent and itcycled. SOZ removal efficiencies 
of 50% are possible with the basic configuration, but much higher collection efficiencies 
have been achieved with some variations of the technique. A major concern with this tech- 
nique is the long term effect of wall wetting and the potential for solids deposition. Programs 
are underway, including several advanced variations (Keeth et al.. 1991B). Some processes 
are commercial, while others are developmental. 

Work on duct injection was performed at the converted DOE Duct Injection Test Facility, 
which operates on a 12 MW, equivalent. 50,000 acfm slip stream. Data which illustrate the 
effect of humidification on duct injection are presented in Table 7-35 (Felix et al.. 1991 ). 

ADVACATE Process. A significant emerging variation of duct sorbent injection is the 
ADVACATE (Advanced Silicate) process offered by ABB-Flat. The first commercial sys- 
tems are expected to achieve 90% SO2 removal with a CdS ratio of less than 1.2 with costs 
about 50% of wet FGD. SOz removal efficiencies up to 99% have been reported on B pilot 
plant, including the effects of upstream furnace sorbent injection. Refer to Table 7-36. Field 
evaluation at the 10 M W ,  scale by TVA and ABB-Fliikt wdS completed in October 1992, 
with results showing up to 90% SO2 removal at stoichiometric ratios similar to lime spray 
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Table 7-35 
Summary of Most Favorable SO2 Removal Results Obtained During Dry Hydrated 

Lime Testing at the DOE Duct Injection Test Facility 

Mode of 
Injection 
No Humidification 
Dry Hydrate Injected 

Downstream of 
Water Spray Nozzles 

Dry Hydrate Injected 
Upstream of 
Water Spray Nozzles 

Source: Felir et al. (1991) 

Ca/S Approach Inlet SO, SO2 Removal, % 
Ratio ("F) (ppm) ESP Inlet ESP Outlet 
2.32 158 1,350 12 17 

3.15 26 1,950 27 37 

2.50 30 1,900 42 53 

Table 7-36 
Edgewater LIMB/ADVACATE Results 

ADVACATE Injection Rate Total SO2 SO2 Removal (%) 
(gramddry standard cubic meter) Removal (%) ADVACATE Only 

0 65 0 
10 84 54 
20 93 80 
30 97 91 
40 99 97 

Note: Testing wus on a 0.7MWe slip stream, C& = 2.0, and Tout = 63°C (13T above Tsar). 
Source: Princona (1990) 

drying (Buschmann. 1993). Demonstration projects are required and may take 3-7 years 
from 1992 (Princotta, 1990). 

Flilkt Moist Duct Injection (MDI) technology is used with the process. About 25% of the 
material collected in the dust collector is mixed with lime slurry in a hold tank, pumped 
through a vertical mill, and reacted for an additional 1.5 to 2 hours at 80" to 90°C. The slurry 
is then pumped to a mixer mounted on the duct and distributed over the remaining 75% of 
the dry solids recycle, resulting in a "damp" solid with 30 to 50% moisture. The product 
solids drop into the duct causing the flue gas to be cooled to within 1O0-15"C of saturation 
within 0.5 seconds. Operation without the formation of duct deposits has been demonstrated 
in pilot plant tests. The process produces a silicate gel from the mixture of lime and dust col- 
lector product. This gel has a high surface area, thin layers of free lime, and substantial mois- 
ture allowing for simultaneous in-duct absorption of acid gases and flue gas cooling (Sed- 
man et al., 1991). 



Suljiur Dioxide Removal 623 

Coolside Process. Coolside desulfurization technology, which is offered by Babcock and 
Wilcox, involves injection of dry hydrated lime into the flue gas and flue gas humidification 
by water sprays located downstream of the air piEheater. SOz is captured by reaction with the 
entrained sorbent particles in the humidifier and with the sorbent collected in the particulate 
removal system. The humidification water serves two purposes. First, it activates the sorbent 
to enhance SOz removal; and, second, it conditions the flue gas and particulate matter to 
maintain efficient ESP performance. Spent sorbent is removed from the gas along with the 
fly ash in the existing particulate collector (ESP or fabric filter). The sorbent activity can be 
significantly enhanced by dissolving sodium hydroxide or sodium carbonate in the humidifi- 
cation water. Sorbent recycling can be used to improve the sorbent utilization if the particu- 
late collector can handle the resulting increased solids loading. 

A demonstration project was conducted on the 104 MW, Unit No. 4, Boiler 14, at the 
Ohio Edison Edgewater power plant. Tests using commercial hydrated lime on a once- 
through basis demonstrated that the Coolside process can routinely achieve 70% SOz 
removal at the design conditions of 2.0 CdS and 0.2 NdCa molar ratios and 20°F approach 
to adiabatic saturation temperature. Because of the relatively short test duration. sodium 
hydroxide was used as the additive in the Edgewater demonstration. Sorbent recycle tests 
demonstrated the capacity of recycle sorbent to remove additional SOz and showed a signifi- 
cant potential for sorbent utilization improvement (Yoon et al., 1991). McCoy et al. (1991) 
and Nolan et al. (1992) review the economics of the process. 

Fluidized Bed Process 

Lurgi CFB Process. In this SOz removal process, hydrated lime is injected into a circulat- 
ing fluid bed (CFB) reactor located ahead of the particulate removal system. Water is also 
injected into the reactor to cool and humidify the gas and increase the SO2 removal efficien- 
cy. A mixture of fly ash and reacted and unreacted sorbent particulate in the gas from the 
CFB reactor is collected in a special downstream mechanical dust collector “curtain” fol- 
lowed by an ESP. Most of the collected particulate is recycled to the CFB reactor (Keeth et 
al.. 1991B). In 1993, eight systems of this type were operating or were under construction in 
Europe, and two were under construction in the U.S. (Moore, 1993B). 

In this process, both the injected sorbent and waste are dry. Pebble lime is first hydrated 
(0.5% free moisture) and then conveyed pneumatically to a silo. Hydrated lime from the 
silo is mixed with recycle material from the ESP and injected into the CFB reactor, forming 
a fluidized bed. The particulate in the fluidized bed flows with the flue gas upward through 
the reactor to the downstream mechanical collector and ESP where the particulate is col- 
lected. Most of the collected material is recycled via air slides back to the reactor. Recycle 
rates are very high. e.g., 130 to 1, giving the very high sorbent retention time required for 
high SO2 removal efficiency and optimum sorbent utilization. Spray water is added so that 
the process operates close to the dew point, which further optimizes sorbent utilization. 
Acid gas component removal efficiency, in decreasing order, is HF, HCl, SO,, SOz, and 
COz. Virtually all the strong acids (HF, HCl, and SO,) are removed and the byproduct typi- 
cally contains about 8% CaC03. A fabric filter is not used because of the high inlet grain 
loading. The gas si& pressure drop for the system is typically about 7.5 in. of water with a 
maximum of 9 in. of water. Velocity through the reactor is an important parameter to assure 
acceptable operation. Erosion and corrosion at one plant were reported to be unobservable 
after 3 years operation. The waste, containing about 2% moisture, is landfilled. The process 
has been used in Germany since 1982 where Lurgi has six installations. The largest German 
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plant treats 585,600 acfm, which correspond to about 160 MW,. This plant has a single 
CFB reactor (Toher et al., 1991). 

Environmental Elements Corporation has the exclusive North American license for the 
Lurgi CFB process. A 5 MWe demonstration plant was operated during 1992 for Dakota 
Gas-formerly the Great Plains Gasification Plant. The pilot plant began operation in the 
first quarter of 1992. Char from a gasifier plant is burned, so the flue gas is high in COP in 
comparison to t h e  gas from coal-fired applications, which could affect sorbent utilization. 
The total gas flow is 1,200.000 acfm, but only a side stream containing 4,0004,000 ppm 
SO2 was treated (Lanois, 1993). 

This process is capable of achieving very high SO2 removal 095%) on high sulfur coal 
(up to 6%) with CdS ratios between 1.2 and 1.55 and inlet SO2 concentrations between 500 
and 3.500 ppm. The minimum outlet SO2 concentration is in the vicinity of 15-20 ppm. 
Turndown to 30% of design per module is possible based on reactor gas velocities of 6 to 20 
feet per second (Hansen and Toher. 1991). 

Currently, the combined SO,/NO, removal capabilities of the Lurgi CFB process are 
being investigated, with removal efficiencies of 95%/85%. respectively, being demonstrated. 
With this variation of the process, a NO, reduction catalyst is included in the circulating bed 
material. Fine FeS04*7H20 powder (10 pm), without a supporting camer, is used as the cat- 
alyst. Ammonia is the reducing agent. The reactor is located between the economizer and the 
air preheater and operates at 725°F. No water is used. Reaction products are CaS04 (anhy- 
drite) and approximately 10% CaS03. CaS04 results from the oxidation of SO2 to SO3, 
which is aided by the NO, catalyst. Usually, this side reaction is minimized h a NO, control 
system because it creates corrosion problems. However, in this combined process, it is part 
of the desulfurization process. 

Dry Soda Processes 
In this discussion, the term “soda” is used to denote sodium carbonate, sodium bicarbonate, 

sodium sesquicarbonate, and mixtures of these compounds. Dry soda injection is commercial- 
ly established in several industries. Four industrial plants installed this technology in the 
1987-1992 period. Two are municipal solid waste (MSW) plants in South Carolina and Alas- 
ka, another is Ford Motor Glass in Tennessee, where the process is used for control of HCI 
and HF gas emissions. More recently, Western Slope Refining installed a dry soda system to 
control SO2 from their coke calcining operations in Colorado. Public Service Company of 
Colorado, a pioneer of the technology, has installed a system (25% SO, removal) on the 350 
M W ,  Unit No. 4 of their Cherokee plant and is planning similar systems for other boilers. 
Wisconsin Electric Power Company plans to install the technology (20-354 S& removal) at 
their Port Washington Plant on Units 1 and 4 (80 MW, each) (Bennett, 1992). Pulp and paper 
mills with kraft recovery boilers equipped with ESPs appear ideal for dry soda injection since 
they already use sodium sulfate, but this application remains to be demonstrated (Bennett and 
Nastri, 1990; Hooper, 1990). In this application, control of SO, emissions from recovery fur- 
naces would simply increase the sodium sulfate collected in the ESP, and the collected materi- 
al would be recycled back to the salt-cake mix tank (Hooper, 1990). 

Economic evaluations of the dry soda injection technology are available in the EPA 
IAPCS Economic Model (Version 4) (Maibodi et al., 1991) and have been published in sev- 
eral earlier versions (EPRI, 1986A, B, 1989). These evaluations indicate that the technology 
has low capital cost compared to most other FGD technologies and is competitive in lev- 
elized cost for retrofit applications with small boilers (4.50 MW,) firing less than 1% sulfur 
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in their fuel. The technology is also competitive if 70% or less SO2 removal is required. In a 
1991 paper by Bennett and Darmstaedter (1991), a levelized cost of $742/ton of SO2 
removed was calculated for a special case application of 55% SO2 removal and 15% NO, 
removal using the EPA model and taking credit for sodium sulfate (NaS04) recovery and 
sale. Process economics are influenced by transportation costs. The major nahcolite (natural 
sodium bicarbonate) and trona (natural sodium sesquicarbonate) resources are located in 
Wyoming, Colorado, and California; while sodium bicarbonate is manufactured in Ohio and 
Georgia (Hooper. 1990). 

Salt transport in the process is entirely pneumatic. The dry sorbent is usually delivered by 
bulk carrier (truck or rail) and off-loaded pneumatically into covered storage silos. From the 
silos, it is pulverized to 10-20 microns mean mass diameter to optimize both the rate of 
decomposition and sorbent utilization (Bennett, 1992; Bennett and Nastri. 1990; Hooper, 
1990). The pulverized sorbent is conveyed to a day silo, metered into the pneumatic convey- 
ing line, and distributed into the flue gas through a system of injection nozzles. The sorbent 
feed rate can be automatically controlled based on upstream andlor downstream sulfur diox- 
ide gas stream concentrations (Bennett, 1992). The end product (a mixture of sodium sulfate, 
sodium chloride, sodium nitrate, fly ash, and unreacted soda) is a dry powder easily collected 
by either a fabric filter or an ESP (Bennett and Nastri, 1990). 

The dry soda sorbents are injected as dry powders into the flue gas between the boiler and 
the particulate collector. Once in the flue gas stream, sodium bicarbonate in the sorbent 
begins to decompose into sodium carbonate according to the following reaction: 

endothermic 
2NaHC03 = Na2C03 + HzO(gos) + COz (7-99) 

In situ decomposition continues to completion, as the SOz reacts with the NaZCO3. Sor- 
bent injection into the flue gas in the temperature range of 300" to 750°F (375" to 700°F 
optimum) achieves greater sorbent utilization than injection into 250°F flue gas where 
decomposition is slow and incomplete (Bennett, 1992). 

At the 22 MW, demonstration of the dry soda injection process at the Public Service Com- 
pany of Colorado Cameo Unit 1 (Muzio and Sonnichsen, 1982), both nahcolite and trona 
were used as sorbents and both performed satisfactorily. Pure sodium carbonate was found to 
provide very limited SO2 removal (nominally 10%). It was concluded that nahcolite and 
trona are effective because they thermally decompose to release COz and H20, which greatly 
enhances the porosity and reactive surface area of the residual sodium carbonate. The 
decomposition of trona occurs at significant rates above 200°F while nahcolite requires tem- 
peratures above about 275°F for decomposition. Once thermal decomposition is initiated, 
SOz begins to react with Na2C03 according to the following reaction: 

(7- 100) 

The solid Na2S04 is collected along with fly ash in an ESP or a fabric filter. Normal par- 
ticulate emissions and opacity levels have been maintained without flue gas humidification 
or temperature modification (Bennett, 1992). During the initial testing at the Port Washing- 
ton Plant, 20 to 35% SO2 removal was achieved with essentially 100% sorbent utilization at 
high boiler load. At low boiler loads, utilization decreased to 4040% presumably because of 
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sorbent fallout in the ductwork. At 74% SO2 removal, 86% sorbent utilization was achieved 
(Coughlin et al., 1990). 

This process can capture other acid gases, such as HCl from incineration of municipal or 
medical waste products: 

(7-101) 

HC1 removal efficiencies of greater than 95% have been realized with a system incorporating 
a fabric filter (Bennett and Nastri, 1990). Removal efficiencies for S02MCl of 70%/90% and 
for SO2/N0, of 90%/70% and 70%/40% have been demonstrated at the 4 MW, EPRI High- 
Sulfur Test Center (Bennett and Darmstaedter, 1991). The change in NO removal is directly 
a function of the SOz removal. NO, removal can only be accomplished with this process as a 
side reaction to SO2 collection. But while total NO, is reduced, NOz can increase. Hooper 
(1988) found that an undisclosed additive improved SO2 and NO, removal and reduced NOz 
emissions below the level that caused plume coloration. 

Dry Sorption Byproduct Disposal and Use 
For the sodium byproduct, potential disposal options include landfiling, disposal in saline 

environments, dry impoundments, deep-well injection, and ocean dumping. Each of these 
has drawbacks that must be considered (Eklund and Golden, 1990). 

Landfilling has been the standard method to date for byproduct management (Eklund and 
Golden, 1990). Some states are proposing strict guidelines for the construction of SOz con- 
trol byproduct disposal sites as well as leaching requirements for water which might perme- 
ate the site (Bennett and Nastri, 1990). Compacted clay barriers and impervious liners such 
as high density polyethylene (HDPE) or Claymax (R) can be used. Claymax is a proprietary 
mat. about %-in. thick, consisting of bentonite clay between layers of geotextile. Geotextiles 
are woven or non-woven materials that are permeable to water, but not to solids. This tech- 
nique is approved by some states; however, small cells may be required (Bennett and Nastri, 
1990: Hooper, 1990). Undesirable byproduct characteristics are related to the high solubility 
of sodium salts and include poor leachate quality, high permeability, poor handling proper- 
ties when mixed with water, and poor landfill strength development. The leachate may have 
a high sodium concentration, a high total dissolved solids concentration, a high electrical 
conductivity, a high carbonate concentration, a measurable selenium concentration, and an 
alkaline pH. High permeability is attributed to the high byproduct sodium content because 
sodium compounds do not undergo cementitious reactions and can dissolve once the byprod- 
uct is compacted and cured. The byproduct becomes fluid at low levels of added moisture, 
thus creating serious handling problems. Even after curing, the strength may degrade as sodi- 
um compounds dissolve (Eklund and Golden, 1990). 

Stabilization has been investigated for sodium containing byproducts. In some cases, clay 
and polymer mixtures have produced permeabilities as low as cdsec  depending on the 
ash. The process is sensitive to the ratios of the various components and the requirements for 
proper mixing and compression, which become difficult when large quantities of byproduct 
have to be handled (Bennett and Nastri, 1990). 

Of the various byproduct utilization options, the most attractive is the separation and 
recovery of sodium sulfate for sale or reuse (Bennett and Nastri, 1990). Reuse options 
include recovery and use of sodium compounds in mineral filler, grout, and bricks (Eklund 
and Golden, 1990). Producing high purity NaZSO4 for sale by dissolving the byproduct and 
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recrystallization is in the developmental stage. Although all steps of the process have been 
used commercially, they have not been used together for this purpose. Development work 
continues on the removal of nitrates during the dissolutiodfiltration steps. Another byprod- 
uct utilization method is separate collection of fly ash and spent sorbent accomplished by the 
use of two particulate collectors in series with sorbent injection in between. Air classification 
and electrostatic powder separation are other techniques under development (Bennett and 
Nastri, 1990). 

For calcium-based dry sorption process byproduct disposal and use, refer to the previous 
Spray Dryer Byproduct Disposal and Use section. The calcium-based spray dryer byproduct 
is similar to the calcium-based dry sorption byproduct in many respects. However, byproduct 
properties can be affected by presence of anhydrite (CaS04). Anhydrite is present in the 
byproduct from processes using CaO as the sorbent, but is usually not found in the byproduct 
from processes using Ca(OHJ2. Byproducts with a high anhydrite content may swell signifi- 
cantly when they hydrate, which can cause problems in some situations. This form of calci- 
um sulfate (rather than gypsum, CaS04*2H20) is stable in contact with dry (i.e., low relative 
humidity) gases, which are often present in dry hnellimestone processes. 

Dry Metal Oxide Processes (Regenerative) 

The oxides of 48 metals were screened by the Tracor Co. in a project conducted for the 
U.S. National Air Pollution Control Administration to determine which were best suited for 
the removal of sulfur oxides from flue gases by chemical reaction (Thomas et al.. 1969). The 
screening was accomplished by consideration of the thermodynamic requirements for effi- 
cient sulfur oxide removal and product regeneration. Sixteen potential sorbents were selected 
as a result of this screening process. These were the oxides of titanium. zirconium, hafnium. 
vanadium, chromium, iron, cobalt, nickel, copper, zinc, aluminum, tin, bismuth, cerium. tho- 
rium, and uranium. 

The 16 metal oxides were further screened on the basis of their rate of reaction with SO2 
in a flue-gas atmosphere. The oxides were prepared in a kinetically active form by calcining 
a salt which decomposed to the oxide at a relatively low temperature. The rate data were 
collected using an isothermal gravimetric technique whereby weight gain of SO2 was 
recorded as a function of time. The oxides of copper. chromium, iron, nickel, cobalt, and 
cerium were found to have economically feasible reaction rates with SO?. After further 
evaluation of such factors as sorption reaction stoichiometry, formation of product layers 
that affect the reaction rate, and SO3 partial pressure over the sorption product, two materi- 
als, copper oxide and iron oxide, were selected as most promising. Finally, preliminary 
design and economic studies were made for a process employing these oxides with a flu- 
idized bed gas-solid contactor for both sorption and thermal regeneration steps. Copper 
oxide (CuO) and iron oxide (Fe203) were found to have promise as potential sorbents for an 
economically feasible SO2 removal process. 

Copper Oxide Processes 

Laboratory scale work on a copper oxide process for S@ removal was conducted by the 
U.S. Bureau of Mines (McCrea et al., 1970). The effort was aimed at developing a dry, regen- 
erable sorbent for SOz that would not have the problems of alkalized alumina, i.e., physical 
degradation, excessive reducing gas consumption. and a high temperature difference between 
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absorption and regeneration steps. A sorbent that appeared to meet these requirements was 
prepared by the impgnation of copper oxide into porous alumina supports. 

The following chemical reactions are important in copper oxide SO2 removal processes: 

CUO + so:! + %OZ = cuso4 (7-102) 

cuso, = CUO + so3 (7-103) 

CUSO~ + 2Hz = CU + SO2 + 2HzO (7-104) 

CUSO~ + %CH4 = CU + SO2 + %COz + Hz0 (7-105) 

Reaction 7-102 goes essentially to completion at temperatures below about 450°C. At 
higher temperatures, CuSO, decomposes by either the reverse reaction of 7-102 or reaction 
7-103. At about 7OO0C, regeneration should be complete enough to allow recovery of 
evolved sulfur oxides and recycle of CuO. Regeneration by the use of reducing gases as in 
reaction 7-104 and 7-105 can be accomplished at much lower temperatures. The Bureau of 
Mines work indicated methane to be preferable to hydrogen for regeneration because of the 
tendency for reduction to p e e d  all the way to sulfide with hydrogen at low temperature. A 
conceptual design of a process was proposed as shown in the flow diagram of Figure 7-36. 
Although no pilot or full-scale plant operations of this process have been conducted to date, 
it appears to offer considerable promise. The major drawbacks are the requirements for a 
large expensive reactor, which results from a low rate of absorption of SO2 on the copper 
oxide-alumina pellets, and the high consumption of reducing gas. 
Work on a copper oxide process has also been conducted by Shell in the Netherlands 

(Doutzenberg et al.. 1971). This process, which has been named the Shell Flue Gas Desulfur- 
ization (SFGD) process, also uses CuO on an alumina support. It is unique. however, in that 
it uses fixed beds, and the absorption and regeneration steps are carried out in the same ves- 
sel. Two units are used to provide continuous operation. One is used for gas purification, 
while the other is regeneratmi Both steps are accomplished at about the same temperature 
(400°C). Regeneration is accomplished by the use of a reducing gas such as hydrogen, car- 
bon monoxide, or methane and results in the production of a sulfur dioxide rich gas (reac- 
tions 7-104 and 7-105). Hydrogen and CO are preferred as reducing agents for the Shell 
process because of problems of coke deposition with hydrocarbons. In order to avoid plug- 
ging of the fixed bed by soot and ash particles in the flue gas, a novel reactor system was 
developed in which the gases are made to pass alongside large surfaces of sorbent mass 
rather than through a particle bed. A pilot plant with a capacity of 21,000 to 35,000 s d h  of 
flue gas was built and operated to demonstrate the parallel passage reactor and other features 
of the process. The pilot plant operated quite successfully, removing about 90% of the SOz 
from the gas passing through it. 

A large commercial unit was started up in 1973 at the Showa Yokkaichi Sekiyo (SYS) 
refinery in Japan. The system was designed to remove 90% of the SO, from the flue gas of a 
boiler fired with heavy high-sulfur fuel oil. The plant contains two copper-oxide reactors, 
each sized to handle the entire 125.000 Nm3h (77,500 scfm) of flue gas. Off-gas from the 
unit undergoing regeneration is cooled to condense water and then flows through an 
absorber-stripper, which damps the cyclic flow and provides a near constant flow of concen- 
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Figure 7-36. Conceptual process flow diagram of SOp removal with copper oxide as 
proposed by Bureau of Mines. (McCrea et& 1970~ 

trated SOz to an existing Claus sulfur plant (Ameson, et al., 1977). The SYS Unit has also 
been used to demonstrate the capability of the system to remove NO,, simultaneously with 
SOz (Radian, 1977). A 60 to 70% reduction in NO,, concentration was obtained by adding 
NH3 to the flue gas entering the SFGD System. The ammonia reduces NO to N2. Canyover 
of unreacted ammonia with the flue gas was reported to be 2 ppm maximum. 

To determine the applicability of the process to flue gas from coal combustion, a small 
scale (0.6 MW,) unit was built and placed into operation by UOP, Inc. at Tampa Electric 
Company’s Big Bend Station in North Ruskin, Florida. The pilot plant was started up in 
1974 and operated for approximately 2 years. During this time, six runs were made involving 
over 13,000 acceptance and regeneration cycles with the same acceptor loading. The test 
program demonstrated 

1. The commercial acceptor material has good stability, achieving 90% SO2 removal across a 

2. The reactor design is tolerant of high fly ash loadings. Techniques were developed to 
4-m bed at a space velocity of 5,OOOk after 13,000 cycles. 

clean fouled internals in situ. 
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3. Metal oxides in the fly ash and halogen compounds in the flue gas do not interfere with 

4. Mechanical components, including flapper valves, the sequence controller, and the reactor 
the redox cycle. 

vessel, gave good performance. 

The availability of design information on the SFGD process is excellent. However, little 
commercial experience is available to date. The principal drawback of the process is its high 
requirement for reducing gas, particularly if the end product is elemental sulfur. Consump- 
tion figures reportedly show 6.2 moles of H2 per mole of SOz removed (Radian, 1977). 

The process has a potential advantage over conventional SOz removal processes in that it 
can simultaneously remove NO,. This is accomplished by adding ammonia to the flue gas 
ahead of the copper oxide bed and using the bed material as a combination acceptor for SO2 
and catalyst for the NO, + NH3 reaction. An independent evaluation based on pilot-scale test 
results indicated that the process is capable of reducing NO, and SOz emissions by 90% 
when applied to a high-sulfur coal-fired boiler, but its economics, for the specific case stud- 
ied, were less favorable than a separate NO, catalytic reduction process combined with a 
conventional FGD system (Burke. 1983). 

The Pittsburgh Energy Technology Center (PETC) has conducted research and develop 
ment on the copper oxide process for combined SO, and NO, control since the late 1960s, but 
their largest pilot unit has been 1 MW,. The PETC process uses the same chemistry as the 
Shell process, but fluidized bed or moving bed reactors are employed (Hoffman et al., 1992). 

Sorbtech Process 

The Sorbtech (formerly Sanitech) process is a regenerable, dry sorbent process that report- 
edly can remove over 90% of the SO,, 10-90% of the NO,, HCl, and much of the residual 
fine particulate from flue gas. The process, currently under development, uses new, inexpen- 
sive sorbents called Mag*Sorbents made from magnesium oxide (MgO) and an expanded 
silicate canier (vermiculite or perlite). A preliminary economic analysis has indicated a cost 
of $300-$400 per ton (1982 dollars) of SOz removed (Nelson and Nelson, 1990). 

The best performing Mag*Sorbent consists of 50% wt MgO and 50% wt vermiculite (San- 
itech. 1988). The sorbents remove SOz by a combination of chemical reaction (MgO and 
SOz react to produce mainly MgS03 and some MgS04) and capillary micropore condensa- 
tion (SO2 is held by capillary forces within the micropores). The sorbent can be prepared 
using commercially-available equipment, possibly at the installation site. Long-term storage 
of the sorbent does not appear to affect sorption performance (Sanitech, 1988). 

To increase utilization, flue gas is humidified to within 50°F of the adiabatic saturation 
temperature by water sprays in the flue gas duct downstream of the ESP. The sorber is a ver- 
tical cylindrical vessel with a special radial-panel bed of slowly moving Mag*Sorbent. After 
humidification, the flue gas enters the sorber through the top, flows downward and then out- 
ward horizontally through the sorbent bed to an outer chamber around the sorber perimeter. 
and exits the unit. Fresh sorbent is fed continuously to the top of the sorber, and the spent 
sorbent is removed by a rotary feeder at the sorber base (Nelson, 1991). 

Regeneration is accomplished by heating in either a reducing or an oxidizing atmosphere. 
Regeneration in a reducing atmosphere at 750°C for 20 minutes drives off the sorbed SOz as 
elemental sulfur, SO2, and H2S. Both the magnesium sulfite and sulfate are decomposed, and 
NO, is converted into nitrogen and water. Regeneration in an oxidizing (air) atmosphere at 
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550°C for 30 minutes releases SOz, but does not completely decompose the non-reactive sul- 
fates. which remain and reduce sorbent utilization by 5-108 per cycle (Sanitech, 1988). 

The regeneration circuit consists of a regenerator, a screening station, and, in the case of 
regeneration under a reducing atmosphere, a sulfur recovery system. Saturated sorbent is 
pneumatically conveyed from the sorber to the regenerator, where it is heated to the regener- 
ation temperature. The regenerated sorbent then passes through the screening station, where 
about 12% of the sorbent is removed and fresh sorbent make-up is added. In the sulfur 
recovery system, the regenerator off-gas is converted to elemental sulfur by a modified Claus 
plant or by a new process currently under development at Sorbtech. About 1 4 %  of the sor- 
bent is degraded to fines during each sorption-regeneration cycle. These fines are removed 
from the system as part of the 12% of the sorbent removed during screening. There is no 
other waste stream (Nelson, 1992). 

There are a number of potential uses for the spent sorbent, including the manufacture of a 
slow-release agricultural fertilizer and soil conditioner, pneumatically-injected insulation, 
wallboard additives, and ingredients for lightweight cement. Premier Services Corporation, 
the leading U.S. magnesia producer, is assisting Sorbtech in evaluating the spent sorbent's 
commercial potential (Sanitech. 1988). 

Research and development of the process has been ongoing since 1985. As of August 
1992. a pilot plant has been in operation on a 2.5 MW, slipstream of flue gas at Ohio Edi- 
son's Edgewater Station in Lorain, Ohio. A prototype system has also been installed on a 
100 MW, equivalent jet engine test facility at the Tyndall Air Force Base in Panama City. 
Florida. This system, which reduces NO, by 50-80%, consists of a filter installed atop the 
test-cell stack (Nelson. 1992). 

Alkalized Alumina Processes 

Bureau of Mines Process 

The Alkalized Alumina process was developed by the U.S. Bureau of Mines and carried 
through the pilot-scale testing phase (Bienstock et al., 1964; 1967). It has not been applied 
commercially. The process uses dawsonite [NaA1(C03)(OH)~]/sOum aluminate [NaAIO2] 
as the sorbent. The material is activated at 1,200"F to form a high surface area, high porosity, 
dry solid, which removes sulfur dioxide from flue gas at temperatures between 300" and 
650°F. This process is no longer being pursued due primarily to an excessive sorbent attri- 
tion rate.. 

NOXSO Process 

The NOXSO process is a dry regenerable alkalized alumina process that simultaneously 
removes 90-958 of the SO2 and 80% of the NO, from flue gases. Work on the NOXSO 
process started in 1979. The process is based on the older Bureau of Mines Alkalized Alumi- 
na process. A major difference between this process and the former is the use of a sorbent 
pellet that does not have the uneconomically high attrition rate responsible for the demise of 
the Bureau of Mines process. (The Bureau of Mines process used solid NaAIOz pellets that 
were broken by the mechanical stress of the sorption process.) However, attrition rates are 
still a significant concern with the NOXSO process. The reported pellet attrition rate is about 
0.02% of the fluid bed inventory per hour (Haslbeck 1992). Another difference between the 
two processes is the sorption temperature: 250"-300°F for the NOXSO process vs. 625°F for 
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the Bureau of Mines process. This lower temperature favors NO, removal. In order to pro- 
vide the required low sorption temperature, the process is located downstream of the boiler 
air heater and particulate collection device rather than upstream of them. In the NOXSO 
process, a fluidized bed is used as the flue gas sorbent contactor (Haslbeck, 1992; 1984). 

Proof-of-concept testing (except for NO, recycle and the established Claus process) has 
been conducted on a 5 MW, slipstream at Ohio Edison’s Toronto Station. A demonstration 
larger than 100 MW, is planned under a DOE Clean Coal contract (Haslbeck, 1992; Moore, 
1993A). A study rated the NOXSO process as the only process with the potential to be 
equivalent to wet FGD with selective catalytic reduction. The 1991 capital cost is estimated 
to be $257kW, and the operating cost to be 11.7 millskWh (Cichanowicz et al., 1991). 

The process uses pellets of a very porous, high surface area “gamma alumina” (Al2O3) 
substrate with a surface layer of NaA102. The layer of NaA104 is the active sorbent. The sor- 
bent pellet is prepared by depositing Na2C03 on the alumina pellet. The sodium carbonate 
and the alumina interact chemically on the first pass through the sorber to form the layer of 
NaA102 (Haslbeck, 1984). Sodium and aluminum are common constituents of fly ash and 
not expected to cause environmental problems. The pellets presently have an expected life of 
about 9 months before they must be replaced (Haslbeck, 1992). 

The process is depicted in Figure 7-37. Flue gas laden with SO2 and NO, passes through 
the fluidized bed sorber where SO2 and NO, are simultaneously removed by the sorbent pel- 
lets and are converted to sodium sulfate, sodium sulfite, and sodium nitrate. If the flue gas is 
too hot, it may be necessary to utilize evaporative cooling to achieve the necessary process 
temperature. Lower temperatures give higher NO, removal. The upflow of flue gas through 
the sorber fluidizes the bed of approximately %-in. size sorbent pellets. The pellets leave the 
sorber primarily by overflowing into a weir pipe and down into a surge bin. Some smaller 
particles elutriate out of the bed with the flue gas (Haslbeck et al., 1990). Fifty percent of all 
elutriated particles greater than 50 microns in size are captured in a cyclone and are returned 
to the process (Haslbeck, 1992). 

The sorbent is regenerated in several steps. Material from the sorber surge bin is pneumat- 
ically transferred to the sorbent heater. Here, it is heated with air to about 1,150”F to strip the 
NO, and a small fraction of the SO2 (Haslbeck, 1992). The hot air comes from a regenerative 
sorbent heating-cooling arrangement in which heat from the sorbent leaving the regenerator 
is transferred to the sorbent entering the regenerator. Additional heat is provided by the bum- 
ing of natural gas in the air stream ahead of the sorbent heater. The air leaving the sorbent 
heater is recycled to the boiler as combustion air where about 70-752 of the NO, is reduced 
to N2 by a reburning process (Haslbeck, 1992). As the sorbent reaches the regenerator inlet 
temperature, it flows via a J-valve to the upper section of the regenerator where the next 
regeneration step takes place (Haslbeck et al.. 1990). 

In the upper section of the regenerator, a reducing gas (natural gas) reacts with the sorbent 
removing about 70% of the sulfur as H,S and SO*. which flow to the Claus plant. The inlet 
J-valve is used to both control the solids feed rate to the regenerator and to isolate the regen- 
erator from the sorbent heater. With the completion of this reaction, the sorbent then drops 
into the lower section of the regenerator where the final regeneration step takes place 
(Haslbeck et al., 1990). 

In the lower section of the regenerator, the sorbent is contacted with steam to remove the 
balance of the sulfur as H2S, which also goes to the Claus plant. From the steam treatment 
section of the regenerator, the regenerated sorbent then flows to the sorbent cooler via anoth- 
er J-valve arrangement where the sorbent heats the air stream used to heat the sorbent in the 
sorbent heater. When cooled to about 250°P, the sorbent drops into a surge bin from which it 
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Figure 7-37. Flow diagram of the NOXSO process. (Has/beck, 1992) 
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is conveyed pneumatically via another J-valve to the sorber vessel completing the cycle 
(Haslbeck et al., 1990). 

ADSORPTION PROCESSES 

Basic Data 

The removal of sulfur dioxide from gas streams by adsorption on the surface of an activat- 
ed solid represents an attractive approach because of the ease of regeneration compared to 
chemical reaction absorption. However, adsorbents generally have a lower capacity than 
solid sorbents, and relatively large contactors are required. Although research work had been 
conducted on SO2 removal based on zeolite (Tamboli and Sand, 1970; Martin and Bently, 
1962). silica gel (McGavack and Patrick, 1920), and ion exchange resins (Cole and Shulman, 
1960; Glowiak and Gostomczyk, 1970), the only adsorption processes that are of commer- 
cial significance at this time involve the use of carbon. A comparison of the equilibrium 
capacities of these four adsorbent types is given by Figure 7-38. 

When sulfur dioxide is adsorbed on activated carbon in the presence of excess oxygen, the 
carbon acts as a catalyst for oxidation of SOz to SO3. It has been found that the reaction takes 
place at an impractically slow rate in the absence of water (Joyce et al., 1970). In the pres- 
ence of water and activated carbon catalyst, the reaction becomes 

activated carbon 
SO2 + !402 + H20 = H2SO4 (7-106) 

Regeneration can be accomplished by washing the adsorbent with water to produce a 
dilute solution of sulfuric acid or heating to reduce the sulfuric acid to SOz, which can then 
be converted to concentrated sulfuric acid or sulfur. The reduction reaction can be represent- 
ed by the following equation: 

2H2S04 + C = 2S02 + 2H20 + COz (7- 107) 

Carbon Adsorption Process with Water Wash Regeneration 

This process is typified by the Sulfacid process developed by Lurgi Gesellschaft fur 
Chemie and Huttenwesen, GmbH, Frankfurt, Germany. and the activated carbon process 
developed by Hitachi Mfg. Co. Ltd.. Tokyo, Japan. The two versions of the process differ 
primarily in the method of flue-gas contacting. In the Lurgi Sulfacid process, the impure gas 
is first contacted by weak sulfuric acid from the adsorption step. This cools the gas and also 
concentrates the sulfuric acid product somewhat. The cooled gas then passes through a fixed 
bed sorber containing the activated carbon. Water is sprayed in intermittently without inter- 
rupting the gas flow to remove sulfuric acid, which has formed in the pores of the carbon. 
An acid strength of only about 7% H2SO4 is attainable in the liquid effluent from the 
absorber; however, this is upgraded in the gas cooler to as high as 15% depending upon the 
temperature of the entering gas. A sulfur dioxide removal efficiency of over 90% is reported 
(Dennis and Bernstein, 1968). The process has been used to treat emissions from a sulfuric 
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Figure 7-38. Adsorptive capacity for SO2 of silica gel activated carbon, ion exchange 
resin (Rohm & Haas Co. /RA-4OOj1 and molecular sieve (Linde Con Tvpe 5-4. Data of 
Cole and Shulman (W60) 

acid plant (100,000 cfm) and from a coal-fired unit equivalent to a 2 MW, power plant 
(MaUrin and Jonakin, 1970). 

The Hitachi process, which has been described in considerable detail by Tamura (1970). 
uses a somewhat more complex gas-contacting arrangement. A schematic flow diagram of 
the process as employed in a 55 MW, pilot plant is shown in Figure 7-39. The plant process- 
es a portion of the flue gas from a 350 M W ,  boiler. A slipstream of gas is removed from the 
boiler flue duct after the preheater, cleaned of dust. passed through the adsorption beds, and 
returned to the boiler stack-gas line. At any time in the cycle, four of the carbon beds are 
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Figure 7-39. Schematic flow diagram of Hitachi activated carbon process45 Mw, 
pilot plant. 

operated in parallel for SOz adsorption, while the remaining one is being washed and regen- 
erated. Each unit operates on flue gas (drying the bed and adsorbing SOz) for 48 hours and is 
then washed for 12 hours making a total cycle time of 60 hours. Six washing tanks are 
employed, each containing a different concentration of HZSO4. During the washing step, the 
tower is washed with acid from the six tanks in sequence, starting with the most concentrated 
acid and ending with fresh water. A stream of the highest concentration acid, 20% HzS04, is 
continuously removed and fed to the submerged combustion concentrator. The final product 
is 65% HzSO4, which is used primarily for phosphate fertilizer manufacture. Although minor 
problems were encountered during initial operations, the general performance of the plant 
was considered to be very successful; a mean SOz removal efficiency of 80% was observed 
after 3,000 hours of operation. One plant in Japan operated for over 5 years without appre- 
ciable problems, and carbon consumption was very low-about 2% per year. The dilute sul- 
furic acid product (17%) from this plant was reacted with limestone to produce a salable 
gypsum (Ando, 1977). 

A continuous process has been proposed by Joyce et al. (1970); however, only laboratory- 
scale tests were conducted to develop process data. In the proposed process, a fixed adsorp- 
tion bed is used with wash water continuously sprayed on the top surface, and dilute sulfuric 
acid removed from the bottom of the adsorption vessel. The laboratory data indicated that a 
maximum HzSO4 concentration of 12 to 15% could be obtained from typical flue gas 
streams. The controlling variables in the adsorption operation were found to be. the Oz/S03 
mole ratio and gas-contact time. The results indicate, for example, that with a 60 second con- 
tact time, increasing the Oz/SOz ratio from 1.8 to 5.3 increased the conversion from about 
70% to almost 100%. With the 02/SOz ratio fixed at 1.8, increasing the contact time from 20 
to 80 seconds caused the conversion efficiency to go from less than 40% to over 80%. 
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The carbon adsorption process with water-wash regeneration appears to be quite simple 
technically and economically attractive for cases where the dilute acid that is produced is of 
local value. It is of particular interest for cleaning the tail gas from contact sulfuric acid 
plants. In such an installation, the weak acid produced could be used instead of make-up 
water in the acid plant, increasing the total sulfuric acid production while abating air pollu- 
tion by purifying the tail gas. 

Although the water-wash process is simple, it has the drawback of producing a dilute sulfu- 
ric acid product, which is difficult to store, ship, or market. Concentration can be troublesome. 
There appears to be no further development of the Hitachi process (Behrens et al., 1984). 

Carbon Adsorption Process with Thermal Regeneration 

Carbon adsorption with thermal regeneration offers a number of advantages for flue gas 
desulfurization. Very high SO2 removal efficiencies are possible. The process is completely 
dry; therefore, no saturation of the flue gas occurs, avoiding reheat, visible plumes, etc. The 
process operates at normal boiler flue gas outlet temperatures so there is no need to heat or 
cool the flue gas. Carbon adsorption also removes SO3. and NO, control can be incorporated 
by NH3 addition with the carbon acting as a catalyst at temperatures from 212" to 400°F to 
convert the NO, to nitrogen and water. Many other hazardous air pollutants in both gaseous 
and fine particulate form can also be collected. These include important pollutants such as 
vapor-phase mercury, dioxins, and furans. Of course, once collected, these pollutants must 
be disposed of. Some can be returned to the boiler for burning or be decomposed by holding 
the spent adsorbent at a high temperature for an extended period. This ability to collect haz- 
ardous air pollutants has resulted in the technology being applied recently to wasteto-energy 
plants in Europe either by the use of small amounts of carbon added to spray dryer slurry or 
by use of a separate carbon adsorption system. The technology has been applied to coal-fired 
boilers, fluidized catalytic cracking units, waste-to-energy plants, and hospital waste burning 
plants in Japan and Europe (Makansi, 1992). 

The pollution control system configuration varies with the application and the process 
supplier. If the flue gas contains chlorine, a separate chlorine removal step may be required 
since chlorine inhibits the adsorption of SOz. Separate beds may also be provided for differ- 
ent pollutants. For example, when both SO2 and NO, are to be controlled, it is necessary to 
first reduce the SO2 concentration in the gas in a separate bed. This minimizes ammonium 
sulfate formation which would increase ammonia consumption and prevent effective denitri- 
fication. Also. an initial separate bed is sometimes provided for the removal of heavy metals, 
organic compounds, and fine particulate: and a final separate guard bed is sometimes provid- 
ed as a buffer to remove any remaining trace pollutants. 

The main drawbacks of the thermal regeneration process are the loss of the sorbent during 
regeneration and sorbent attrition. Attrition and sorbent loss are initiated during regeneration 
when some of the carbon is converted to COz. This carbon loss leads to loss of mechanical 
strength and consequent breakage of the sorbent granules. To reduce sorbent cost, the process 
uses low-cost forms of activated carbon, such as activated coke. Various materials have been 
used for the activated coke feedstock, including bituminous and anthracite coals. Recently, 
lignite and petroleum coke have been found by Mitsui to be suitable starting materials (Tsuji 
and Shiraishi, 1991). Other problems include sorber fires, a narrow temperature range for high 
NO, reduction, flow maldistribution leading to deposition in the sorber, high sorber pressure 
drop due to difficulty in controlling the amount of coke in the beds, handling of fines, abra- 
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sion of pneumatic piping, corrosion and plugging in the regenerator, and unstable coke corn 
bustion (Makansi, 1992). Disposal of waste sorbent fines must also be considered. 

Reinluft and Bergbau-Fomchung Processes 

Reinluft GmbH and Chemiebau Dr. A. Zieren GmbH pioneered the development of the 
carbon adsorption with thermal regeneration process for SO2 removal. The process was 
called the Reinluft (Clean Air) Process (Furkert, 1970; Anon., 1967). Bergbau-Forschung 
GmbH (Research Center of the German Coal Mining Industry) developed another version of 
this process known as the Bergbau-Forschung or BF process (Juntzen, et al., 1970). The 
Bergbau-Forschung process differs from the Reinluft process in the use of low-temperature 
coke and the use of hot sand instead of hot gas to provide heat for regeneration. 

A flow diagram of Chemiebau's design of a Reinluft plant is shown in Figure 7-40. Flue 
gas, at a temperature in the range of about 200" to 320"P, enters the bottom of the adsorp- 
tion column in which it contacts downflowing stream of granular adsorbent (coke). The 
size of individual coke particles is between 0.1 and 1.3 in. The purified flue gas leaves the 
top of the sorber at approximately its original temperature. Ash entrained in the entering 
flue gas is retained by coke in the lower portion of the sorber and has little effect on its 
activity. Coke containing adsorbed sulfuric acid is removed from the bottom of the adsorp- 
tion column, passed over a screen which removes fine particles of coke and ash, and con- 
veyed to the desorber. 

The regeneration step consists of reducing adsorbed HzS04 to SO2 (consuming some of 
the coke in the process) and stripping the resulting SOz, H20, and C02 from the bed. This is 
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Figure 7-40. Schematic diagram of Reinluft Process-Chemiebau design. (Anon., 1967) 
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accomplished by passing the spent coke downward in the top section of the desorber. coun- 
tercurrent to a hot gas stream. In this part of the desorber, the high-temperature gas strips off 
the reaction products and is cooled by the downflowing coke, which is heated to about 720°F 
in the process. The cooled gas is withdrawn from the top of the desorber and readmitted to 
the bottom of the lower section. In this section it again undergoes heat exchange with the 
coke, the upflowing gas being heated and the coke being cooled. The regenerated and cooled 
coke is then conveyed to the top of the sorber with added fresh material to make up for the 
amount lost by reaction or attrition. The gas is removed from the top of the lower section of 
the desorber. a portion of it is withdrawn from the system for conversion of SO2 to sulfur or 
sulfuric acid, and the balance is passed through the heater and recycled to the desorber. 

The key to the economic potential of the Reinluft process is the low-cost adsorbent used. 
Instead of employing activated charcoal as makeup adsorbent, the Reinluft process uses low- 
temperature coke. The relatively inexpensive material is made by carbonizing geologically 
young fuels such as peat, lignite, and, in some cases, coal at temperatures below 1,300"F. 
The coke is not activated before use, but becomes activated by the adsorption-regeneration 
cycle. After 3 to 10 cycles, the coke activity reaches a maximum comparable to gas-adsorp- 
tion charcoal. 

Four Reinluft process plants or pilot plants have been constructed and operated. Although 
a number of operating problems were encountered. it is reported that the plants adequately 
demonstrated the basic processes, and a new design has been developed to overcome the 
observed shortcomings. The principal operating problems were fires in the coke beds and 
corrosion of equipment by sulfuric acid. The new design (Figure 7-40) avoids these prob- 
lems by completely separating the sorber and desorber portions, maintaining constant (and 
low) coke temperature at critical locations, and improving the coke-feed and discharge sys- 
tems to provide uniform distribution and movement of coke particles. 

The Bergbau-Forschung (BF) process has been tested in two prototype systems: a 35 MW, 
unit at Lunen, West Germany, and a 20 M W ,  installation at Gulf Power Company's Scholtz 
Electric Generating Station (Rush and Edwards, 1977). The latter installation included a 
RESOX reactor engineered by Foster Wheeler Energy Corporation to reduce the SOz to ele- 
mental sulfur. Neither the mechanical reliability nor the process operability of the Scholtz 
Station unit was considered acceptable. The major problems were hot spots in the sorber. 
poor reliability of the charhand separator, and plugging of the RESOX system condenser 
with a mixture of sulfur and carbon particles. Tests at the Lunen facility were reportedly 
more satisfactory. However, the Lunen plant incorporated a modified Claus process for con- 
version of sulfur dioxide to sulfur instead of the RESOX process. 

Mitsui-BF Process 

Bergbau-Forschung licensed the previously described BF process to Mitsui, who further 
developed and improved the technology. The resulting process is called the Mitsui-BF 
process. Mitsui in turn has licensed its process to Uhde in Europe and GEES1 in the U.S. 
Mitsui claims four commercial applications of the process worldwide. The largest is the 
Arzsberg power plant, built in 1987, where two systems treat a total of 1.1 million m3/h of 
flue gas. Ninety-eight percent sulfuric acid is produced by an acid plant (Makansi, 1992). 
According to Oxley et al. (1991). the Mitsui-BF carbon adsorption process is used in a refin- 
ery in Chita, Japan, to treat flue gas from a fluid catalytic cracker CO boiler. Design SOz and 
NO, removals are 90 and 60%, respectively. Table 7-37 gives capital costs for Mitsui-BF 
systems (Tsuji and Shiraishi, 1991). 
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Table 7-37 
Capital Costs for Mitsui-BF Systems 

I P r o M S  Capital Cost, $/kW 
SO, & NO, 220-240 
SO, only l a 1 6 0  
NO, only 70-80 

Note: Costs forprst two cases apply to two 500 MW, units. SO, at 2,00Oppm, NO, at 326 ppm 
SOJNOx removal eficiencies are >90%80%. Equipment to produce byproduct elemental sulfur or 
H2SO4 is included. The NO, only removal case applies to SO, free gases. For this case, the basis is a 
350 MWe unit with NO, at 250ppm and SO, at 50 ppm and NO, removal efsiciency ar 80%. All cases 
exclude civil work and foundations. 
Source: Tsuji and Shiraislii (1991) 

In the Mitsui-BF process, activated coke made from bituminous coal is used for dry 
adsorption of the SOz. Lignite and petroleum coke are also suitable feedstocks (Tsuji and 
Shiraishi, 1991). In a typical Mitsui-BF system, flue gas from the boiler passes through a 
particulate collector and is quenched by water spray before entering the activated coke reac- 
tor. The reactor consists of two compartments, one above the other. Both reactor compart- 
ments are filled with granular activated coke. Flue gas enters the lower reactor compartment 
where SOz is adsorbed and catalytically oxidized to sulfuric acid on the surface of the acti- 
vated coke granules. Ammonia is then injected into the gas stream between the two compart- 
ments. The SO2-free gas passes to the upper reactor compartment, where the NO, is reduced 
to N2 and HzO by reaction with ammonia at 212"400"F. The coke slowly moves from the 
upper to the lower reactor compartment and is conveyed by bucket elevator to the regenera- 
tor. In the regenerator, the sulfuric acid-loaded coke is first heated by internal coils to 
300"-500"C. The adsorbed sulfuric acid is reduced to SOz, consuming part of the coke in the 
process. The regenerated coke is then cooled by internal coils before being conveyed by 
bucket elevator back to the top reactor compartment. Any ammonium sulfate that forms by 
the reaction of SOz and NH3 is decomposed into Nz, SOa, and HzO. Screening removes fines 
from the process at the bottom of the regenerator column. The SO2-rich gas from the regen- 
erator is processed into sulfuric acid (Tsuji and Shiraishi, 1991). 

Other Activated Coke Processes 
Other commercial variations of this process are currently being offered by the Hugo Peter- 

son subsidiary of Steinmuller, Steag, and Sumitomo. Hugo Peterson has installed coke 
adsorbers on two waste-to-energy (WTE) plants at Garth. eight coal-fired plants at 
Lausward, and two coal-fired boilers at Flingren, all in Germany. Steag has various applica- 
tions, including WTE and hospital waste burning plants. Sumitorno installed a 90 MW, pilot 
plant at the Matsuhirna Power plant in 1987. 
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RESOX SO, Reduction Process 

The RESOX process, developed by Foster Wheeler, uses anthracite coal to reduce gaseous 
SO, to elemental sulfur. Development work began on the process in the late 1960s. It was 
tested at the Scholtz Plant (a 42 MW, demonstration unit) in the 1970s and at the Lunen 
plant (a pilot plant) in Germany in 1974 (Rush and Edwards, 1977). The process or varia- 
tions of it have been used at three plants in Japan (Steiner, 1992). 

In the RESOX process, the SOz rich gas from the Mitsui-BF regenerator is sent to a reac- 
tor where it contacts anthracite coal. The carbon h the coal reacts with the SOz to produce 
elemental sulfur according to the following equation: 

(7-108) 

The reaction takes place at 500"-800"F, depending on the coal type and SO2 inlet concen- 
tration. Ash and unreacted coal are removed from the bottom of the reactor, and can be 
burned in the boiler or disposed of with the boiler ash. The reactor off-gas contains elemental 
sulfur, H2S, CO,. COS, CSz, and H2. A downstream condenser removes the elemental sulfur. 
The uncondensed gas, typically containing 6% HzS and 4% SOz, is sent to an incinerator, 
and the incinerator off-gas is returned to the FGD system. Ninety to ninety-five percent con- 
version of the PO2 to elemental sulfur and 99.95% sulfur purity have been achieved (Behrens 
et al., 1984). 

Westvaco Process 

The Westvaco process is a dormant, experimental, activated carbon process that has a 
removal step somewhat similar to that of the Mitsui-BF process, but a regeneration step that 
does not consume carbon. The sulfuric acid adsorbed on the carbon is reacted with hydrogen 
sulfide to produce elemental sulfur and water. Part of the sulfur produced is reacted with 
hydrogen to produce the necessary hydrogen sulfide. Development was discontinued due to 
the high cost of activated carbon relative to activated coke (Radian, 1977; Behrens et al.. 
1984; Spears, 1992). 

CATALYTIC OXIDATION PROCESSES 

The removal of SOz from dilute flue gas streams by catalytic oxidation represents an 
adaptation of the contact catalytic process used in the manufacture of sulfuric acid. Sulfur 
dioxide is oxidized to sulfur trioxide by reaction with oxygen in the flue gas in the presence 
of a catalyst. The resulting SO3 combines with water vapor in the flue gas to form sulfuric 
acid, which is condensed by cooling and separated from the gas stream. Some of the special 
problems encountered in adapting the well-known contact sulfuric acid process to flue-gas 
treating are (1) preventing plugging or poisoning of the catalyst bed by impurities in the gas. 
(2) maintaining the catalyst at an optimum conversion temperature. and (3) avoiding corro- 
sion by the acid produced. A considerable amount of effort has gone into resolving these 
problems and developing commercial processes for purifying flue gas by catalytic oxidation. 
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SNOX Process 
The SNOX process is also known as the WSA-SNOX process when both SO2 and NO, 

are removed; or, if only SO2 is removed, as the WSA process where WSA stands for Wet 
Sulfuric Acid. This process catalytically reduces both the SO2 and the NO, in flue gases by 
more than 95% and, with integration of the recovered heat from the WSA condenser, is 
reported to have lower operating costs than conventional technologies. No chemical or addi- 
tive is required other than ammonia for optional NO, reduction. Sulfuric acid at 93.2% con- 
centration is produced that is said to meet or exceed U.S. Federal Specifications. The SO2 
conversion catalyst can tolerate up to 50% water vapor and several hundred ppm of chlo- 
rides. CO and hydrocarbon emissions are said to be low (Collins et al.. 1991). 

Two commercial SNOX systems were commissioned in 1991: a 30 MW, unit in Gela. 
Italy, and a 305 MW, plant in Vodskov, Denmark. A 35 MW, demonstration unit was com- 
missioned in the United States in 1991 (Collins et al., 1991). A number of small WSA plants 
have been operating since 1980. The denitrification part of the system has been in operation 
on various small facilities since 1987 (Haldor Topsae, 1992). 

The inclusion or exclusion of denitrification capability does not alter the sulfur dioxide 
removal process significantly, although the equipment configuration must be different to 
accommodate the denitrification equipment. The primary difference is the addition of a 
selective catalytic reactor (SCR) using ammonia to reduce the NO, ahead of the SO2 catalyst 
(Collins et al., 1991). 

The SNOX process consists of the following components: particulate collector, gas-to-gas 
heat exchanger, NO, SCR, SO2 converter, sulfuric acid condenser, and acid conditioning 
unit. Figure 7-41 shows a typical SNOX process flow diagram for a boiler application. Par- 
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Figure 7-41. Flow diagram of the SNOX integrated process. (Co//ins et a/., 7997) 
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ticulate is removed from flue gas leaving the boiler air heater. The flue gas then passes 
through the gas-to-gas heat exchanger, which raises the gas temperature above 700'F. A 
mixture of ammonia and air is added to the gas. and the gas passes through the SCR where 
the nitrogen oxides are reduced to free nitrogen and water. The flue gas leaves the SCR, is 
heated to 770"F, and passes through the SO,-to-SO, converter. The S03-laden gas passes 
through the other side of the gas-to-gas heat exchanger where it is cooled to 300°F and then 
enters a WSA falling film sulfuric acid condenser where it is further cooled with ambient air 
to below the sulfuric acid dew point before exiting the system at about 210°F. In the con- 
denser. sulfuric acid condenses out of the gas on borosilicate glass tubes and is collected, 
cooled, conditioned, and stored. The heated cooliig air leaves the WSA condenser at over 
390°F and is used for furnace combustion air after further heating in the preheater (Collins et 
al., 1991). 

Highly efficient particulate removal is required ahead of the SNOX system since virtually 
all of the remaining particulate is retained in the SO2 converter. Build-up of particulate on 
the sulfur dioxide catalyst causes the pressure drop through the SO2 convertef to rise, neces- 
sitating drawdown, screening, and reloading of the catalyst. About 2-3% of the bed material 
is lost each time the catalyst is processed, and the catalyst is usually adequate for about 10 
changes. A high efficiency fabric filter is usually recommended to reduce the particulate load 
to an acceptable level (Larson, 1990). 

Steam production can increase on the d e r  of 1% per each percent of sulfur in the fuel. At 
2-3% sulfur, the energy requitemem for the WSA process are balanced by the heat generat- 
ed by the process, making the use of high sulfur fuels attractive (Collins et al., 1991). 

Cat-Ox Process 

The Cat-Ox process, developed by Monsanto EnviroChem, was originally tested in a 
small pilot plant built and operated under a joint effort by Pennsylvania Electric, Air Pre- 
heater, Research-Cottrell, and Monsanto. This was followed by a larger prototype unit built 
and operated by Monsanto and Metropolitan Edison. The unit was designed to treat 24,000 
scfm or approximately 6% of the total flue gas from a 250-MWe unit of Metropolitan Edi- 
son's Portland, Pennsylvania, generating station (Stites and Miller, 1969; Stites et al., 1969). 
A flow diagram of the process is shown in Figure 7-42. 

Flue gas is taken fnnn the boiler at about 950°F and passed through a high-temperature 
electrostatic precipitator designed to remove over 99.5% of the fly ash from the gas stream. 
The hot gas then passes through a bed of catalyst in the converter where oxidation of SO2 to 
SO3 occurs. The gas is then cooled by passing f i t  through a tubular economizer and then a 
regeneration type air preheater. In order to avoid serious corrosion at this point. it is neces- 
sary to limit cooling to about 450'F, which is above the dew point of sulfuric acid in the gas 
stream. The gas then passes through a packed absorber in which it is contacted with a cool 
stream of sulfuric acid. The gas is cooled to about 225"F, and the resulting hot acid is recy- 
cled through a shell and tube heat exchanger in which the heat is transferred to cooling 
water. Excess acid is drained off as product and further cooled to 1 10°F for storage. 

Gas from the absorber contains some sulfuric acid mist formed during the cooling step 
plus a small amount of liquid entrained from the absorption tower. Removal of this mist is 
the key step in the process. In the Monsanto Cat-Ox prototype plant, the mist is removed by 
a fiber-packed cartridge type eliminator that produces an effluent gas containing less than 1.0 
mg 100% H2SO,&f. This amounts to about 10 ppm of acid as mist. The vapor pressure of 
sulfuric acid at 225°F contributes another 11 ppm so the total quantity of sulfuric acid in the 
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Figure 7-42. Flow diagram of the Cat-Ox Process. 

exit stack is about 20 ppm. This is less than the amount of sulfuric acid in the flue gas as it 
comes from the boiler. The sulfur dioxide content of the product gas is only about 10% of its 
original value. 

Operation of the prototype plant at Metropolitan Edison’s Portland Station provided sever- 
al years of process operating experience. Unfortunately, the high-temperature precipitator 
and special heat-recovery system made the arrangement tested impractical for all but new 
stations. As a result, Monsanto developed a “back fit” cycle in which the flue gas is reheated 
to the 800” to 900°F required by the catalyst (Farthing, 197 1). This allows existing low tem- 
perature precipitators to be utilized. 

A 103-MWe commercial demonstration plant was installed on a coal-fired boiler at Illinois 
Power’s Wood River Power Station, Unit 4 (Jamgochian and Miller, 1974). Since this was a 
retrofit application, it was necessary to include equipment for reheating the flue gas to 
850”-900°F before feeding it to the sulfuric acid converter. After start-up in September 
1972, natural gas was used as fuel for the in-line heaters to reheat the feed gas. The plant 
operated successfully for 444 hours. 

Natural gas became unavailable in October 1972, and it was necessary to substitute oil as 
fuel for the heaters. Following modification of the burners, an additional period of satisfacto- 
ry operations was experienced, bringing the total operating time to 602 hours by July 1973. 
It became apparent, however, that the in-line combustion of oil would cause rapid deteriora- 
tion of the catalyst. As a result, a major plant modification was undertaken to change to an 
“external” oil-fired reheat system. 

During subsequent attempts to start-up and operate the plant, a number of additional 
mechanical and structural problems developed. According to a report issued at the time, the 
unit would require refurbishing before additional operations could be conducted (Radian, 
1977). This experience apparently dampened enthusiasm for the process. 

The power industry has been reluctant to accept sulfuric acid as a byproduct; however, 
further progress has been made in commercializing the system. In 1991. a sulfur producing 
company in Canada staaed up a Cat-Ox system to reduce the SOz emissions from a Claus 
plant incinerator. While some early material problems were experienced, the system readily 
met the target of 90% SOz reduction and achieved 95% SO2 reduction (Grendel, 1992). 
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Catalytic Oxidation/Electrochemical Process 

The catalytic oxidatiodelectrochemical membrane process consists of an upstream com- 
mercial sulfuric acid catalyst to convert SO2 to SO3 followed by a molten salt electrochemi- 
cal cell using a sulfur oxide selective membrane. Removal efficiencies of 95% have been 
simulated. Projected economics for a 500 MW, power plant burning 3.5% sulfur coal are 
$96kW capital cost and 3.24 millskwh operating cost. Capital cost includes the catalytic 
converter and oleum plant and assumes cell replacement twice over a 30-year life (McHenry 
and Winnick. 1991). The process is in a very early stage of development, and no commercial 
or demonstration operations have been reported. 

The electrochemical cell removes the strongest electron acceptors (Lewis acids) in the gas 
mixture. Sulfur oxides are the most acidic of all the species present in the fiue gas and are 
therefore theoretically separable by this technique. In this process, the flue gas first passes 
through a catalytic reactor at 400°C to convert SO2 to SO3. The flue gas then passes through 
channels at the cathodes of the electrochemical cells where SO3 is selectively removed from 
the flue gas. The SO3 is converted to the sulfate ion, which migrates from the cathode to the 
anode. At the anode, the sulfate ion is converted to SO3. The SO3 is removed in a sweep gas 
stream and used to produce sulfwic acid or oleum (McHenry and Winnick, 1991). 

The electrochemical cell consists of an electrolytefilled membrane sandwiched between 
two porous, gas-diffusion electrodes, which impose the required voltage gradient across the 
cell and initiate the required electrochemistry. Near 100% electrochemical efficiency has 
been achieved (McHenry and Winnick. 1991). Scott (1985) identified the presently used 
low-melting point electrolyte, potassium pyrosulfate (KzS207) with small additions of K2S04 
and Vz05, The electrolyte is retained in the interstices of an inert ceramic matrix. The elec- 
trolyte melts near 285"C, depending on the level of VzO, present, and is stable at tempera- 
tures in excess of 400°C. The usable temperature range corresponds to temperatures down- 
stream of a boiler economizer. 

GAS PHASE RADIATION-INDUCED CHEMICAL REACTION PROCESSES 

Ebara E-Beam Process 

The Ebara Electron Beam (E-Beam) process utilizes radiation-induced chemical reactions 
to simultaneously remove both SO2 and NO, from a gas stream and produce fertilizer com- 
pounds (Frank, 1992). Projected capital costs for power plant applications are $4OO/kW, and 
projected operating costs are 13 millskwh (Hoffman et al., 1992). With zone irradiation, the 
capital cost is reported to be halved, and levelized costs are reduced to about 8 to 10 
mills/kWh. The process is being tested at five facilities. The largest is a 20,000 m 3 h  flue 
gas stream from a coal burning plant. It is also being used on a 50,000 m 3 h  automobile tun- 
nel ventilation system for NO, control. (Frank, 1992). Removal efficiencies of 90% and 80% 
for SOz and NO,. respectively, have been demonstrated in a 5 MW, pilot plant (Livengood 
and Markussen, 1992). Removal efficiencies are said to be a function of the electric power 
input. 

Prior to electron beam irradiation, the gas must be treated to remove particulate, humidi- 
fied, and cooled to about 158°F. Ammonia is injected into the flue gas ahead of the E-Beam 
chamber. The flue gas then enters the E-Beam chamber and is irradiated to produce OH radi- 
cals and oxygen atoms that react with the SQ, NO,, and H20 in the gas to produce sulfuric 
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and nitric acids. These acids in turn react with the injected NH3 to form solid particles of 
ammonium sulfate, (NH&SO4, and ammonium sulfate-nitrate, (NH&S04*2(NH4N03), 
which are collected in a downstream particulate collector (Frank, 1992). Soluble heavy metals 
must be reduced to acceptable levels by an upstream particulate removal system if the byprod- 
uct is to be used as a fertilizer. The byproduct is a powder that must be converted into a gran- 
ular form or a liquid solution to be acceptable for agricultural use (McKnight et al., 1985). 

ELECTROCHEMICAL CONVERSION TO SULFUR 

There are no commercial or near-commercial processes in this category: however, it has 
been the subject of considerable bench scale research, and is of interest because of the 
sophisticated technology involved. The process was studied in detail by the Helipump Corp. 
under a U.S. DOE contract (Cook et al.. 1990). It is based on the use of a solid state oxygen- 
ion-conducting electrochemical reactor that reduces SO2 to elemental sulfur and NO, to 
nitrogen. At the temperature of the reactor, typically 450-5OO0C, the elemental sulfur is gen- 
erated as a vapor and can be recovered in a downstream condenser. 

The DOE program covered the experimental determination of NO, and SOz reduction 
rates using yttria, stabilized ceria, and zirconia solid electrolytes with gold electrodes. The 
use of an electrocatalyst on the surface to enhance NO, and SO2 reactivity relative to O2 was 
also studied. The presence of fly ash in the flue gas was not found to affect performance. 

An economic study of the process was made based on the experimental data. The study 
indicated that, with small improvements in surface area, electrode cost, and oxygen selectivi- 
ty, the process could be economically competitive for gases containing no more than 1% 
oxygen. However, major improvements would be required for the process to be competitive 
with typical power plant flue gases. which contain about 3% oxygen. 

Parsons Flue Gas Cleanup (FGC) Process 

The Parsons Corporation and a consortium of cosponsors have developed the Parsons 
FGC process through bench and pilot scale steps. The process, which removes sulfur oxides, 
nitrogen oxides, and free oxygen from the flue gas, consists of the following steps (Kwong et 
al., 1991): 

1. Simultaneous catalytic reduction of SO, to H2S, NO, to N2, and O2 to H20 in a hydro- 

2. Selective removal of HzS from the hydrogenation offgas 
3. Conversion of HzS to elemental sulfur 

genation reactor 

When the Parsons FGC process was proposed, all three of the key process steps had been 
practiced commercially in other applications, but they had not yet been adapted and com- 
bined for boiler plant stack gas cleanup. 

The hydrogenation step is an extension of the technology of the Beavon Sulfur Recovery 
(BSR) process used for Claus plant tail gas cleanup (see Chapter 8). However, because of the 
more dilute sulfur dioxide concentration in boiler plant flue gas and the presence of oxygen 
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and fly ash, it was necessary to develop a new catalyst system to achieve virtually complete 
reduction of SO,, NO,, and 4. 

Removal of hydrogen sulfide. from the hydrogenation reactor off-gas in the presence of cu- 
bon dioxide is accomplished by use of a selective amine such as Exxon’s Flexsorb SE Plus or 
Union Carbide’s UCARSOL HS-103 (see Chapters 2 and 3). Regeneration of the selective 
amine produces a hydrogen sulfiderich gas which is sent to a sulfur recovery unit. In the Par- 
sons FGC process, the Recycle Selectox process (see Chapter 8) is used for sulfur recovery. 

The Parsons FGC process has the advantage of removing both SO, and NO, from flue gas 
and producing a valuable byproduct. Its principal disadvantage is a high fuel requirement 
since sufficient reducing gas must be provided to react with the residual oxygen in the flue 
gas as well as the SO, and NO,. 
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THE BASIC CLAUS PROCESS 

Background 
The Claus process is not a gas-purification process in the true sense of the word, as its 

principal objective is recovery of sulfur from gaseous hydrogen sulfide or, more commonly, 
from acid gas streams containing hydrogen sulfide in high concentrations. Typical streams of 
this type are the acid gases stripped from regenerable liquids, e.g., the alkanolamine solu- 
tions or physical solvents used for the purification of sour gases, such as natural and refinery 
gases. The effluent gases from the Clam plant are without value and are vented to the atmos- 
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phere or are directed to a tail gas treatment system. But whether the Claus plant has a tail gas 
unit or not, the final effluent gas is usually incinerated to oxidize any residual sulfur to sulfur 
dioxide. Air pollution control regulations existing in most industrialized countries prohibit 
the discharge of large amounts of sulfur compounds to the atmosphere; therefore, Claus 
plants with tail gas treatment units are often mandatory adjuncts to gas-desulfurization instal- 
lations, and, consequently, the Claus process is of considerable significance within the gen- 
eral scope of gas-purification technology. Furthermore, the Claus process yields sulfur of 
extremely good quality and thus is a source of a valuable basic chemical. 

With growing air pollution concerns, sulfur recovery in Claus type units is increasing to 
the point where units which normally would not be considered economical are being 
installed, strictly for the purpose of air pollution control. In addition, the recovery efficiency 
of Claus type plants is continuously being improved by better plant operation, better design 
methods, and developments of the process technology. Unfortunately, complete conversion 
of hydrogen sulfide to elemental sulfur under Claus plant operating conditions is precluded 
by the equilibrium relationships of the chemical reactions upon which the process is based. 
As a result of this limitation, the basic Claus process is, in many instances, not adequate to 
reduce atmospheric emission of sulfur compounds to the level required by air pollution con- 
trol regulations. In these cases, the basic Claus process has to be supplemented with another 
process specifically designed to remove residual sulfur compounds from the Claus plant tail 
gas. Processes of this type, which are usually referred to as “tail gas cleanup” or “tail gas 
treating” processes, are discussed later in this chapter. 

Since the disclosure of the process by Claus in 1883, it has undergone several modifica- 
tions. The most significant modification was that made by I.G. Farbenindustrie A.G. in 1936 
which introduced the process concept currently in use, which consists of a thermal conver- 
sion step followed by a catalytic conversion step. As presently used, most process configura- 
tions are similar in their basic concept and differ only in the design and arrangement of the 
equipment. 

The literature describing the theoretical as well as design and operational aspects of the 
Claus process is quite voluminous. In view of this extensive coverage, the following discus- 
sion will be directed primarily toward current technology on the design and operation of 
plants that provide high efficiency sulfur recovery and low emission of sulfurous pollutants 
to the atmosphere. 

Basic Data 
The basic chemical reactions occurring in the Claus process are represented by equations 8- 

1, 8-2, and 8-3, with reactions 8-1 and 8-2 taking place in the thermal stage (reaction furnace) 
and reaction 8-3 in the catalytic stage (catalytic converters). The thermodynamics and kinetics 
of the reactions were first rigorously investigated by Gamson and Elkins (1953), who devel- 
oped a chart of theoretical conversion for pure H2S as a function of temperature at one atmos- 
phere pressure. Figure 8-1 was compiled by Paskall(l979) and includes the results of Gam- 
son and Elkins, which were based on a limited number of sulfur species and 1909 
thermodynamic data. Paskall(l979) updated the results of Gamson and Elkins using current 
thermodynamic data. Paskall’s results are shown in curve 1 of Figure 8-1 for all sulfur 
species (S,, S2, S3, S4, S5, S6, S7, Ss) and for the same species considered by Gamson and 
Elkins (S2, S6, Ss) in curve 2. Curve 3 depicts the results of Gamson and Elkins. The unusual 
shape of the conversion curve in Figore 8-1 is caused by the existence of several sulfur 
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species in the gas phase. The average molecular weight of sulfur vapor increases with 
decreasing temperature and with increasing sulfur partial pressure. For example, at a sulfur 
partial pressure of 0.05 atm, and at temperatures below 7 W F ,  sulfur vapor is predominately 
S6 and Sg, while at the same partial pressure, but at temperatures above l , W F ,  the sulfur is 
mostly S2. Since the equilibrium constant for reaction 8-3 decreases with temperature when S, 
or SB is formed and increases with temperature when S, is the product, the conversion curve 
slopes downward with increasing temperature at low temperature, but changes direction at 
about 1,000"F, and slopes upward at higher temperatures. 
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Figure 8-1. Theoretical equilibrium conversion of hydrogen sulfide to sulfur vapor. 
(Paska//, 1979 
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2H2S + SO2 = 2H20 + 3s (8-3) 

It can be seen from Figure 8-1 that the process can be separated into two stages, i.e., a ther- 
mal stage, above about 1,7WF, and a catalytic stage, usually between 700°F and a ternpera- 
ture somewhat above the sulfur dew point of the gas mixture. The lower the catalytic stage 
temperature, the more complete the conversion that can be attained; however, operation at a 
temperature below the sulfur dew point is not normally feasible because of problems caused 
by sulfur deposition in the catalyst bed. It is, therefore, advantageous to have several catalytic 
stages in series with condensation and removal of the sulfur formed after each stage. 

The molar heat of reaction for the combination of reactions 8-2 and 8-3, Le., reaction 8-4, 
is 262,000 to 31 1,000 Btu/lb mole with 223,000 to 248,000 Btdlb mole for reaction 8-2 and 
38,000 to 63,000 Btdlb mole for reaction 8-3 at typical sulfur plant conditions (Gamson and 
Elkins, 1953). 

Since equation 8-3 represents the catalytic stage, it is seen that the temperature rise in the 
catalyst beds is relatively small, permitting operation at comparatively low temperatures and, 
consequently, the attainment of a high conversion to sulfur. Since reaction 8-3 is reversible 
and water is a reaction product, removal of water between catalytic stages would increase 
conversion. However, attempts to accomplish this have so far failed, primarily because of the 
corrosiveness of the aqueous condensate and plugging of the equipment with solid sulfur. 
Thus, the presence of water vapor in the reaction gases throughout the plant imposes a defi- 
nite limitation on the degree of conversion. 

A further limitation on conversion is the occurrence of a number of side reactions, due to 
the presence of carbon dioxide and light hydrocarbons in the feed gas, resulting in the forma- 
tion of carbonyl sulfide and carbon disulfide in the thermal stage of the process. These com- 
pounds are quite stable and may pass unchanged through the catalytic converters unless pro- 
visions are made for their conversion to hydrogen sulfide and carbon dioxide. Formation of 
carbonyl sulfide and carbon disulfi& is a significant consideration in the design and opera- 
tion of high efficiency Claus plants as the sulfur loss associated with these compounds may 
amount to an appreciable percentage of the total sulfur loss. For example, Sames and Paskall 
(1984) show that as much as 17% of tail gas sulfur emissions can be due to COS and CS2, 
and Luinstra and d'Ha6ne (1989) report that COS and CS2 may be as high as 50% of tail gas 
sulfur losses. 

Various reaction mechanisms have been proposed for the formation of carbonyl sulfide 
and carbon disulfide and for their subsequent hydrolysis to hydrogen sulfide and carbon 
dioxide (Paskall and Sames, 1992). The plant data available indicate that carbonyl sulfide is 
formed primarily from the reaction between elemental sulfur and carbon monoxide, which in 
turn are derived from hydrogen suEtie and carbon oxides present during combustion of the 
feed gas in the Claus thermal stage. The production of carbon disulfide in the thermal stage 
is usually attributed to the presence of hydrocarbons in the feed gas because carbon disulfide 
is produced commercially by reacting elemental sulfur with saturated hydrocarbons. The 
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resulting concentrations of both carbon disulfide and carbonyl sulfide are found to be well 
above those predicted by the hydrolysis equilibrium reaction at the furnace temperature. This 
indicates that, in most circumstances, there is insufficient residence time within the reaction 
furnace to hydrolyze COS and CS2 after initial formation. 

From a practical standpoint, the exact mechanism of carbonyl sulfide and carbon disul- 
fide formation is less important than the technology to convert these compounds to hydro- 
gen sulfide and sulfur. Equilibrium constants for the hydrolysis of COS and CS2 are given 
in Chapter 13 (Table 13-11). The reaction equilibria are favored by low temperature, but 
show almost complete conversion at temperatures up to about 700°F. The reaction rate, of 
course, increases with increased temperature. It is generally assumed that carbonyl sulfide 
and carbon disulfide undergo rapid hydrolysis to H2S at temperatures on the order of 600 to 
700°F in the presence of an aluminum oxide type catalyst. Thus, by maintaining sufficient- 
ly high temperatures in the first catalytic converter and by use of an active catalyst, near 
equilibrium conversion of carbonyl sulfide and carbon disulfide to H2S can be obtained. 
These conclusions have been substantiated by the work of Grancher (1978), who investi- 
gated formation and hydrolysis of carbonyl sulfide and carbon disulfide in large Claus 
units at Lacq, France. 

The catalyst used in the Claus process is normally either granular natural bauxite or alumi- 
na shaped into pellets or balls. For highefficiency plants, an alumina catalyst of high activity 
is usually preferred. Resistance to attrition and to the relatively high temperatures during 
activity restoration procedures or rejuvenation are also important catalyst properties. Further- 
more, since the Claus process is operated at low pressure (5-12 psig), the catalyst shape must 
be such that an excessive pressure drop is not incurred at typical design space velocities. 

Process Description 

There are two basic forms of the Claus process, which may be. termed the straight-through 
and the split-flow processes. The primary difference is that in the straight-through configura- 
tion all of the acid gas feed flows through the reaction furnace; whereas, in the split-flow 
arrangement, a major portion bypasses the furnace and is fed directly to the first catalytic 
reactor. The selection of the best configuration for a specific case, straight-through or split- 
flow, is based primarily on the acid gas stream composition. If the acid gas stream consists 
entirely of H2S and C 0 2 ,  (Le., no hydrocarbon) and there is no significant preheat of the acid 
gas or air feed streams, the optimum process is determined by the percent H2S in the acid gas 
as indicated by Table 8-1. If the acid gas contains hydrocarbons, or if the acid gas or air feed 
streams are preheated, it is possible to operate straight-through sulfur plants with feed gas 
streams containing less than the 50% H2S indicated in the table. 

Table 8-1 
Guidelines Relating Acid Gas Composition and Claus Plant Configuration 

Acid Gas Composition 
Mol% H2S Type of Process Recommended 

50-100 
20-50 

~~ ~ 

Straight-through 
Split-flow 
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In the straight-through process, which is shown diagrammatically in Figure 8-2, the entire 
acid-gas stream and the stoichiometric amount of air required to burn one-third of the hydm 
gen sulfide to sulfur dioxide are fed through a burner into the reaction furnace. At the temper- 
atures prevailing in the furnace, typically 1,800 to 2,5WF, a substantial amount of elemental 
sulfur is formed, with typically 60 to 70% of the H2S in the feed gas converted to sulfur (see 
Figure 8-1). This sulfur is condensed by cooling the gases first in a waste heat boiler and s u b  
sequently in a sulfur condenser. While high-pressure steam can be generated in the waste heat 
boiler, the sulfur condenser is normally limited to low pressure steam generation because of 
the low temperature required to obtain maximum sulfur condensation. The reaction gases 
leaving the sulfur condenser are reheated to a temperature of 450"-540"F and flow through 
the first catalytic converter where additional sulfur is produced by the reaction of hydrogen 
sulfide with sulfur dioxide. Gases leaving the sulfur condenser must be reheated sufficiently 
to maintain the temperature of the reaction gases above the sulfur dew point as they pass 
through the first catalytic converter because condensation of sulfur on the catalyst leads to 
rapid catalyst deactivation. The gases leaving the first catalytic converter are again cooled, 
and sulfur is condensed. The gases are then reheated before entering the second catalytic con- 
verter. The process of reheating, catalytically reacting, and sulfur condensing may be repeat- 
ed, in one, two, or even three additional catalytic stages. As conversion progresses through the 
catalytic stages, and more and more sulfur is removed from the gas mixture, the sulfur dew 
point of the reaction gases is lowered, permitting operation at progressively lower tempera- 
tures in each succeeding catalytic converter, thus improving overall conversion (see Figure 8- 
1). Typical inlet temperatures to the second and third catalytic stages are 39O0-43OoF and 
370"-410"F, respectively. After leaving the last sulfur condenser, the exhaust gases, which 
still contain appreciable amounts of sulfur compounds and a small amount of sulfur as vapor 

Figure 8-2. Typical flow diagram of two-stage straight-through Claus process plant. 
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and entrained liquid, are either incinerated, in order to convert all sulfur compounds to sulfur 
dioxide before venting to the atmosphere, or are further treated in a separate process for 
removal of residual sulfur compounds. To conserve energy and minimize the loss of sulfur as 
a vapor in the exhaust gases, the final condenser may function as a boiler feedwater preheater 
operated so that the effluent gases leave the unit at the lowest practical temperature. 

The straight-through process is used for gas streams of high hydrogen sulfide content (typ- 
ically above about 50 mol% H2S). Depending on the hydrogen sulfide concentration in the 
acid gas, 94 to 95% conversion efficiencies can be attained with two catalytic stages and 96 
to 97% with three catalytic stages. A fourth catalytic converter is normally not economical as 
it increases conversion by less than 1%. It should be noted that the quoted conversion effi- 
ciencies do not take into account sulfur losses caused by the presence of carbonyl sulfide and 
carbon disulfide, and that overall conversions must be adjusted downward by the amount of 
these losses. 

As stated earlier, carbonyl sulfide and carbon disulfide hydrolyze fairly readily at temper- 
atures in the range of 600" to 700°F in the presence of water vapor and an active Claus cata- 
lyst. It is therefore advantageous to design the first catalytic converter for operation at this 
temperature level if high conversion efficiency is required and if substantial quantities of 
carbonyl sulfide and carbon disulfide are present. However, this results in inefficient opera- 
tion of the first converter with respect to the Claus reaction, and installation of a third con- 
verter may be desirable to compensate for this loss in efficiency. If air pollution control regu- 
lations require high conversion efficiency, it is usually economical to use only two catalytic 
converters, and then remove residual sulfur compounds in a tail gas treating unit. 

The Split-Flow Pmess 

The split-flow process is used for acid-gas streams containing hydrogen sulfide in such 
low concentrations that stable combustion, which requires a reaction furnace flame tempera- 
ture in excess of 1,700"F, could not be sustained if the entire gas stream were fed to the reac- 
tion furnace. In this process, one-third or more of the total acid gas is fed to the reaction fur- 
nace and sufficient combustion air is added to bum one-third of the total hydrogen sulfide to 
sulfur dioxide. As a consequence, the production of elemental sulfur in the thermal stage is 
less than can be accomplished in the straight-through process with the reduction directly pro- 
portional to the percentage of acid gas bypassing the reaction furnace. Little or no sulfur will 
be produced in the reaction furnace when two-thirds of the acid gas (the maximum amount) 
bypasses the reaction furnace. The hot gases from the reaction furnace are cooled in a waste 
heat boiler and then combined with the acid gas that has bypassed the reaction furnace 
before entering the first catalytic stage. Except for the acid gas bypass around the reaction 
furnace and waste heat boiler, the process is identical to the straight-through process as 
depicted in Figure 8-2. 

Operation of the split-flow process is limited by two constraints: 

1. Sufficient acid gas must be bypassed so that the reaction furnace flame temperature is 

2. The maximum amount of acid gas that can be bypassed is limited to two-thirds of the 
greater than about 1,700"F (926°C). 

total, as one-third of the total hydrogen sulfide must be combusted to form SO2. 

Figure 8-3 summarizes the effects of these two constraints on the operating envelope of a 
split-flow Claus plant (Sames and Paskall, 1985). The maximum bypass (two-thirds of the 
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Hgure 8-3. Calculated split-flow Claus plant reaction furnace temperatures 01s a 
function of feed gas H$ content and reaction furnace bypass fraction. (Sames and 
Paskall, 1985) 

feed gas) is shown as a vertical line and the minimum furnace temperature constraint of 
1,700"F (926°C) is shown as a horizontal line. The x-axis is the acid gas bypass fraction; the 
y-axis is the calculated reaction furnace flame temperature. Furnace temperatures for the 
solid line curves for 10,20,30,40, and 50 vol% H2S gas streams are calculated assuming the 
reactions are kinetically limited. The dotted line for an acid gas stream containing 30 vol% 
H2S is based on the assumption that reaction equilibrium is attained within the furnace. 
Clearly, an acid gas containing 50% H2S can be easily processed in a split-flow Claus plant; 
while a 10% H2S feed would require additional processing steps, such as preheat of the acid 
gas feed and combustion air or oxygen enrichment. Feed gases containing between 25 and 
50% H2S are suitable feeds for split-flow Claus plants because the furnace temperatures are 
below the temperature limitations of conventional refractories of 2,900"F (1,600"C) and 
above the minimum stable furnace temperature of 1,700"F (926°C). For split-flow Claus 
plants processing feed gases containing 25% or less H2S, both acid gas and combustion air 
preheat should be considered to ensure stable operation in case the acid gas flow or composi- 
tion changes unexpectedly. 

The major problem with the split-flow configuration is that feed gas contaminants, which 
can deactivate the catalyst, have a direct path to the first catalytic converter. COS and CS2 
formation would not be an issue in split-flow plants if equilibrium were attained in the reac- 
tion furnace. However, many Claus plant reaction furnaces are kinetically limited and do not 
achieve equilibrium. Therefore, both COS and CS2 can be formed in the reaction furnace and 
it is usually necessary to operate the first converter of a split-flow Claus plant at 620" to 
660°F (325" to 350°C) to hydrolyze these compounds (Sames and Paskall, 1985). Increasing 
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the amount of bypassed acid gas to the theoretical maximum of two-thirds of the total feed 
gas can minimize COS and CSp formation. However, these benefits are far outweighed by 
the harm that can result if oxygen breakthrough from the furnace occurs as a result of feed 
gas flow or composition variations. Therefore, it is good operating practice to bypass less 
than the theoretical maximum amount of feed gas. 

Low Hfi  Acid Gas Processes 

Special techniques, such as pre-heating of the combustion air and acid gas streams, gener- 
ation of sulfur dioxide by burning recycled liquid sulfur, recycle of hot Claus plant tail gas, 
and addition of light hydrocarbon fuel gas to the feed, are required to process acid gases of 
very low hydrogen sulfide content, on the order of less than 20%. Replacing or enriching the 
combustion air with oxygen extends the application of all of these techniques to feed gases 
with even lower hydrogen sulfide content. However, when the hydrogen sulfide content of 
the feed is less than about lo%, the preferred approach is to recover the sulfur by direct oxi- 
dation of the hydrogen sulfide over a special catalyst (see the descriptions of the Selectox, 
Superclaus, and MODOP processes later in this chapter). A review of a number of alterna- 
tive Claus plant configurations has been presented by Beavon and Leeper (1977), Parnell 
(1985), Chute (1977), and Fischer (1979, 1985). 

Design and Operation 

Process Design 

Process design procedures have been presented by Valdes (1964A, B) and by Opekar and 
Goar (1966). Since sufficient thermodynamic and kinetic data are available in literature, 
Claus sulfur plant design methods are well known, and design optimization by the use of 
computer techniques is commonly practiced. One such method has been proposed by Boas 
and Andrade (1971). Methods for predicting Claus products by use of a modified Gibbs free 
energy minimization technique have been presented by several authors. See Maadah and 
Maddox (1978), Lees (1970), Yen et al. (1985), Pearson and Belding (1985), and Wen et al. 
(1987). In fact, free energy minimization has become the primary tool for designing Claw 
sulfur plants. These free energy minimization programs calculate compositions and tempera- 
tures using thermodynamic data from the JANAF tables (Stull and Prophet, 1971; Chase et 
a]., 1985). A number of commercial computer programs for simulating Claus plant heat and 
material balances are available to run on personal computers under the DOS environment, 
e.g., Sulsim from Western Research (Sames et al., 1985) and TSWEET from Bryan Research 
and Engineering (BR&E, 1993) and Hysim from Hyprotech Ltd. 

The free energy minimization technique represents a significant advance over the reaction 
equilibrium approach previously used to design Claus plants because it considers many pos- 
sible chemical species. It is based on the principle that the calculated mixture composition 
with the minimum Gibbs free energy is at equilibrium. With computer models using the free 
energy minimization technique, plant configurations can be optimized to a degree that was 
not possible using hand calculations. 

While equilibrium-based calculations provide accurate estimates of catalytic converter 
performance, these calculation methods do not always match reaction furnace field measure- 
ments because many reaction furnaces are kinetically limited and do not reach equilibrium. 
Some compounds, the most notable ones being carbonyl sulfide and carbon disulfide, do not 
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normally reach equilibrium concentrations in the reaction furnace and waste heat boiler exit 
gases. There are also strong indications that the temperature of gases exiting the reaction fur- 
nace and the concentrations of H2 and CO in these gases do not equally match equilibrium 
values as calculated by free energy minimization techniques. For these reasons, some free 
energy minimization programs (Wen et al., 1987; Sames et al., 1985) supplement the equi- 
librium analysis with field data or published empirical correlations, such as those of Fischer 
(1974), Sames and Paskall(1985), and Luinstra and d’Hdne (1989). Table 8-2 summarizes 
the correlations of Sames and Paskall (1985) for the concentrations of CO, H2, COS, CS2, 
and S in the outlet gas of a kinetically limited reaction furnace. The correlations are based on 
plant data taken from more than 300 tests on approximately 100 sulfur trains, including both 
split-flow and straight-through configurations. 

As the previous discussion suggests, the major area of uncertainty in design, and in pre- 
dicting the performance of existing equipment, is in the reaction furnace-waste heat boiler. 
Studies comparing kinetically limited and equilibrium-limited reaction furnaces have been 
published by Sames and Paskall(l985, 1987) and Monnery et al. (1993). Other studies com- 
paring plant data against free energy minimization results have been presented by Sames and 
Paskall(1987), Sames et al. (1987, 1990), and Monnery et al. (1993). In general, the quanti- 
ties of sulfur and CO in actual reaction furnace product gas streams are lower than predicted 
by equilibrium calculations and the quantities of COS and CS2 are much higher. Field data 

T a m  8-2 
Empirical Cmlations for Redkting the CO, y, COS, e, and Sulfur 

Content of a Kinetlcafly Umlted Clam Plant Reaction Furnace 

CO formation: 

R W )  

COS formation 
R(C0S) 

fraction of furnace inlet carbon that forms CO 
0.002Axexp(4.53A), (x = 0.0345). 

fraction of furnace inlet H2S that cracks to H2 and S = 0.056 
(standard deviation j3.024) 

fraction of furnace inlet carbon that forms COS 
0.01 tangent(100A), for 0 5 A 5 0.86 
0.143. for A > 0.86 

fraction of hydrocarbon carbon in furnace inlet that forms CS2 
2.6AYexp(-0.965A), (y = 0.971) 

fraction of furnace inlet H2S that forms elemental S 
1.58Zexp(4.73A), (z = 1.099) 

where, A 
Source: Sames and Paskall(1985) 

= mole fraction of H2S in acid gas feed on a dry basis 
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also show that the hydrogen content of the gas exiting actual reaction furnaces is lower than 
the calculated equilibrium value at feed gas H2S concentrations greater than 65% and higher 
than equilibrium values at lower H2S concentrations (Monnery et al., 1993). There is also 
very clear evidence that some reactions continue to take place in the waste heat boiler as the 
reaction gases flow through the tubes (Sames et al., 1990; Dowling et al., 1990; Monnery et 
al., 1993). Although there is still some uncertainty with regard to the optimum reaction fur- 
nace-waste heat boiler modeling approach, the thermodynamic behavior of systems with suf- 
ficient residence time can be modeled successfully by assuming equilibrium in the reaction 
furnace, followed by re-equilibration at waste heat boiler conditions. 

Several mechanical designs and arrangements of the major equipment have been reported 
in literature. The reaction furnace may combine the burners, the combustion chamber, and 
the waste heat boiler in one integral vessel. This is known as a fire tube design and is the 
least expensive for unit capacities up to about 30 long tons of sulfur per day. Methods for the 
design of fire tube reaction furnaces have been reported by Valdes (1965). A different design 
consisting of a separate combustion furnace and waste heat boiler has been described by 
Sawyer et al. (1950). This arrangement is usually more economical and practical for capaci- 
ties in excess of 30 long tons of sulfur per day. 

Reaction furnace burner design varies considerably, from the simple coaxial type with the 
acid gas injected through a central tube and the combustion air through an outer annular 
space, to the complex, high-intensity type designed for efficient combustion, and used espe- 
cially when ammonia and hydrocarbons are present in the feed gas (Stevens et al., 1996; Fis- 
cher and Kriebel, 1988; Babcock Duiker, 1983; Schalke et al., 1989). 

The hot gases leaving the reaction furnace are normally cooled to 500'400°F by generat- 
ing 50-600 psig steam in the waste heat boiler. Alternatively, the gases may be cooled in a 
waste heat exchanger by heat exchange fluids, such as hydrocarbon or synthetic oils and gly- 
col/water solutions. 

Reheating of the reaction gases prior to their entry into a catalytic converter may be effect- 
ed by several methods, i.e., bypassing of hot gases from the waste heat boiler, auxiliary 
inline acid-gas or fuel gas burners, gas-to-gas heat exchangers, and indirect steam heated or 
fuel-gas fired heaters. Detailed discussions of reheat systems are given by Grekel et al. 
(1965). Valdes (1964A, B), Peter and Woy (1969), and Fischer (1979, 1985). The hot gas 
bypass and inline acid gas burner methods result in slightly lower overall sulfur conversion 
because some of the acid gas is bypassed around one or more catalytic converters. Both 
methods have the advantage of low pressure drop and the hot gas bypass has the lowest 
installation cost of all methods. For a three-bed Claus unit to attain high sulfur recovery, hot 
gas bypass reheat is not recommended, and in-line acid gas burner reheat is usually restricted 
to the first catalytic converter. An indirect method of reheat is preferred for the remaining 
converters. Gas-to-gas heat exchangers and fuel-gas fired indirect heaters are more expen- 
sive, and result in higher pressure drops than hot gas bypasses and in-line burners, but their 
use may be justified if very high conversion is required. 

The catalyst beds may be arranged in horizontal or vertical vessels, with more than one 
bed located in one vessel. Catalyst beds are normally no more than 3-5 feet deep because of 
pressure drop restrictions. Design space velocities are generally in the range of 1,OOO to 
2,000 volumes of gas at operating conditions per volume of catalyst per hour. This range of 
values is intended to address lean to rich variations in the hydrogen sulfide content of acid 
gas feeds. However, space velocities not exceeding 1,OOO volumes of gas at operating condi- 
tions per volume of catalyst per hour are preferred for extended run times between catalyst 
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change-out. In very large installations, care has to be taken to assure uniform gas distribution 
and to avoid channeling. 

It is customary to install mist-eliminating devices after the last sulfur condenser to mini- 
mize entrainment of sulfur droplets into the incinerator. Installation of mist eliminators after 
each sulfur condenser is also of value, as catalyst deactivation caused by entrained sulfur 
may be a problem. Wire mesh pads, located in the outlet channel of the condenser, are usual- 
ly used for sulfur mist elimination. 

When the Claus plant tail gas is discharged to the atmosphere without further purification, 
it is necessary to assure that all sulfur compounds in the gas are oxidized to sulfur dioxide. 
Incineration with auxiliary fuel is required as the Claus unit tail gas stream contains insuffi- 
cient combustibles for self-sustained combustion. Incineration may be accomplished either 
thermally or catalytically, with thermal incineration being more common. In both cases, the 
tail gas is heated by fuel gas combustion. Thermal oxidation occurs at temperatures between 
1 ,OOO" and 1,500"F in the presence of excess oxygen. Catalytic incinerators operate at about 
600"-800"F using a controlled amount of air. Catalytic incineration requires significantly 
less fuel than thermal incineration, but a higher capital expenditure. The resulting gases are 
then discharged to the atmosphere through a stack. The incinerator may be separate from the 
stack, or alternatively combined into a single vessel with the stack mounted on the incinera- 
tor. Combustion air for a thermal incinerator can be supplied by either natural or forced 
draft, but a catalytic incinerator requires a forced draft fan due to its positive operating pres- 
sure and control requirements. 

The mechanical design of small plants is often substantially different from that of large 
installations, as small units lend themselves to compact packaging. Designs for sulfur plants 
with capacities less than 50 long tons of sulfur per day have been presented by Grekel et al. 
(1965). Figures 8-4 and 8-5 depict large and small Claus plants. 

Process Control 

The most important control variable in the operation of Claus plants is the ratio of hydro- 
gen sulfide to sulfur dioxide in the reaction gases entering the catalytic converters. Maxi- 
mum conversion requires that this ratio be maintained constant at the stoichiometric propor- 
tion of 2 moles of hydrogen sulfide to 1 mole of sulfur dioxide. Appreciable deviation from 
the stoichiometric ratio leads to a drastic reduction in conversion efficiency (Valdes, 1964B). 
The proper ratio is maintained by control of the air flow to the reaction furnace, which can 
be accomplished simply by automatic air to acid-gas ratio flow control. However, this 
method is only successful if the hydrogen sulfide content of the acid gas is constant, as it 
does not compensate for the variations in the actual amount of hydrogen sulfide flowing to 
the reaction furnace. Nor does this control method account for the presence and flow rate 
variations of other combustibles in the acid gas, such as hydrocarbons and ammonia. Several 
methods based on controlling the air flow by continuous analysis of the ratio of hydrogen 
sulfide to sulfur dioxide in the plant tail gas have been developed, but are not widely used. 
One such method has been described by Carmassi and Zwilling (1967), Grancher (1978), 
and Taggart (1980). Most plants use simple flow control for feed forward with reset and/or 
separate trim air control based on tail gas H2S/S02 analysis. Several analytical instruments 
based on vapor chromatography and ultraviolet absorption are commercially available. 
Instruments of the latter type are capable of controlling the air flow rate to within &OS% of 
the optimum value, thereby minimizing the loss of sulfur recovery efficiency. 
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Figure 8-4. Claus-type sulfur plant producing 875 long tons of sulfur per day. Courtesy 
The Parsons Cow. 

Catalyst Deactivation 

A serious operating problem in Claus plants is deactivation of the catalyst by deposition of 
carbonaceous materials and, in some cases, of sulfate. Acid gases usually contain small 
amounts of hydrocarbons, especially if the sour gas from which the acid gases have been 
removed is relatively rich in high molecular weight aliphatic and aromatic hydrocarbons, 
which are somewhat soluble in the absorbent liquids used in gas treating units. When acid 
gases of high hydrogen sulfide content are processed, the temperature in the reaction furnace 
is usually high enough to result in complete combustion of all hydrocarbons to carbon diox- 
ide and water, and no carbonaceous material deposition is experienced. 

However, at the low combustion temperatures occurring in straight-through plants pro- 
cessing gases containing less than about 40 to 50% hydrogen sulfide, cracking and partial 
combustion of hydrocarbons produce complex carbonaceous materials that are carried into 
the catalytic reactors, gradually deteriorating catalyst performance. In addition, hydrocarbons 
can be fed directly to the first catalytic converter without being burned when a split-flow 
design is utilized. These hydrocarbons can also cause catalyst deterioration. Catalyst activity 
can be partially restored by air oxidation of the carbonaceous deposits. However, care must 
be taken during regeneration not to exceed a temperature of about 1,000"F to avoid thermal- 
ly induced changes in the catalyst structure. A good catalyst can be regenerated several 
times, although the activity decreases somewhat with each regeneration. 
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Figure 8-5. Claus-type sulfur plant producing 7 long tons of sulfur per day. Courtesy 
The Parsons Corp. 

Equally as serious as deposition of carbonaceous materials on the catalyst is the gradual 
accumulation of sulfate, a process known as sulfation, which generally reduces catalyst 
activity and destroys the capability of the catalyst to hydrolyze carbonyl sulfide and carbon 
disulfide. This problem has been investigated extensively, and promoted alumina catalyst 
formulations have been developed that are quite resistant to deactivation by sulfation. For 
details see Dalla Lana (1973); Pearson (1973, 1978, 1981); Norman (1976); Grancher 
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(1978); and Dupin and Voirin (1982). Further catalyst research has led to the development of 
titania (titanium dioxide) based catalysts. These show greater stability to thermal aging and 
increased resistance to sulfation in comparison to promoted alumina. Titania catalysts also 
show higher activity with respect to carbonyl sulfide and carbon disulfide hydrolysis. High 
COS and CS2 conversions are reported at temperatures on the order of 570°F (Janke, 1990). 
This permits operating the first catalytic converter at a lower temperature than is practiced 
with activated alumina, thus gaining an improvement in sulfur recovery. 

Another Claus plant operating problem is condensation of sulfur on the catalyst resulting 
in rapid deactivation. This can be avoided by maintaining the temperature in the catalytic 
converters above the sulfur dew point of the gas mixture. Should sulfur condense on the cat- 
alyst, raising the gas temperature 50°F is usually sufficient to vaporize the condensed sulfur 
and reestablish catalyst activity (Norman, 1976). 

Ammonia DestnrctiOn Techniques 

Special techniques have to be used for processing gas streams containing appreciable 
amounts of ammonia such as effluents from refinery sour water strippers. The ammonia must 
be destroyed in the reaction furnace to avoid deposition of ammonium salts on the catalyst 
beds. Two methods are available to successfully accomplish this. The first method involves a 
split-flow reaction furnace design; the second requires a high-intensity reaction furnace 
burner. It is essential that the ammonia be almost completely destroyed because ammonia 
concentrations as low as 500 to 1,OOO ppmv can cause plugging problems (Anon., 1973). 

Split Flow Reaction Furnace. The split-flow reaction furnace design for ammonia 
destruction is depicted in Figure 8-6. In this process, all the combustion air and all the ammo- 
nia containing sour water acid gas from the sour water stripper(s) are mixed with a controlled 
portion of the total amine acid gas stream originating from the amine treating unit(s). As 
shown in Figure 8-6, the combustion of this ammonia rich stream is accomplished in a sepa- 
rate zone (zone 1). of the reaction furnace. Combustion occurs at a temperature of about 
2,300" to 2,700"F, which is sufficient to ensure nearly complete combustion of the ammonia 
with minimum formation of nitrogen oxides and SO,. Sufficient amine acid gas is diverted to 
this zone to maintain the required temperature. The remaining amine acid gas is then mixed 
with the products of combustion from the first zone in zone 2 of the reaction furnace. Typical- 
ly about 70 to 80% of the amine acid gas bypasses the first combustion zone. For details see 
Chute (1977), Wiley (1980), Goar (1989), and Beavon (1976, 1977). 

Figure 8-7 depicts the temperature in the first zone of a split-flow reaction furnace as a 
function of the amount of amine acid gas diverted to the second reaction zone. The peak 
temperature corresponds to stoichiometric combustion of the amine acid gadsour water acid 
gas mixture in the first combustion zone. The region of Figure 8-7 to the left of the peak 
temperature represents combustion in a reducing atmosphere, while operation to the right 
corresponds to an oxidizing region. The slope of the reaction furnace temperature versus 
amine acid gas bypass fraction is less steep than the slope of the curve in the oxidizing 
region, and temperature control of the split-flow reaction furnace is more stable in the reduc- 
ing region. Most split-flow reaction furnace designs are designed for reducing atmosphere 
operation. Problems with the split-flow design include inadequate destruction of hydrocar- 
bons and ammonia that might be contained in the bypassed portion of the amine acid gas and 
inadequate reaction furnace residence time for thermal Claus sulfur conversion. 
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High-Zntensity Burner for Ammonia Destruction. The second ammonia destruction 
method is based on feeding the combined ammonia-containing stream and the total amine 
acid gas stream into one port of a specially designed burner located at the front of the reac- 
tion furnace, in a similar manner to a conventional Claus unit (Goar, 1989). The total quanti- 
ty of combustion air is also supplied to the burner. The amine acid gas stream is preheated to 
1 80"-190"F before mixing to raise the reaction furnace temperature to ensure ammonia and 
hydrocarbon destruction. The burner is designed to ensure that a very high degree of mixing 
is achieved between the acid gas and air, increasing combustion efficiency and thereby rais- 
ing the flame temperature. It is claimed that under these conditions the reaction rate of 
ammonia and oxygen is greater than that of hydrogen sulfide and oxygen. When combined 
with a reaction furnace of adequate residence time, essentially all of the ammonia is com- 
busted with less than 300 ppmv remaining at the waste heat boiler outlet. Hydrocarbons are 
also effectively destroyed with this method. Burner and furnace designs utilizing this tech- 
nology are offered by ComprimolGoar Allison and Assoc. (Babcock Duiker, 1983; Lagas, 
1984; Schalke et al., 1989). 

Figure 8-8 depicts the high-intensity Duiker acid gas burner offered by Goar Allison 
Assoc./Comprimo. The Duiker burner air chest is connected to a combustion chamber, which 
is an integral part of the burner itself, but separate from the main furnace reaction chamber. 
Air passes from the chest to the combustion chamber through vanes which impart a swirling, 
spiral motion to the combustion air. The acid gas enters through a central tube projecting 
through the middle of the air register. A conical deflector gives a flared aspect to the acid gas 
discharge so that the acid gas flow is perpendicular to the air flow, which also has a spiral 
motion. The highly turbulent conditions maintained in the flame front promote mixing, pro- 
ducing temperatures high enough to oxidize ammonia under sub-stoichiometric conditions. 

Removal of H# From Liquid Sulfur 

Liquid sulfur is normally discharged from the Claus plant condenser at temperatures 
between 140" to 170°C (284" to 338'0, but upon storage and during transportation the tem- 
perature can drop to as low as 125°C (258°F). At the higher temperature, the liquid sulfur 
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Figure 8-8. Duiker high-intensity burner for ammonia destruction. 
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product can contain several hundred ppm of H2S. The H2S is present as dissolved H2S and as 
polysulfide, H2Sx. When the liquid sulfur is cooled, the polysulfide becomes unstable and 
slowly dissociates into H2S and sulfur, causing the emission of H2S into the sulfur storage 
vessel vapor space. Accumulation of H2S, especially in unvented sulfur storage vessels, can 
lead to a lethal H2S concentration, and the H2S concentration in the vapor space may easily 
exceed the H2S lower explosive limit. 

To prevent hazardous H2S concentrations, the sulfur must be degassed and the liquid sul- 
fur H2S content reduced to 10 to 15 ppm (Lagas, 1982). Several commercial methods are 
described by Watson et al. (1981), Lagas (1982). and GQar (1984). Degassing of the liquid 
sulfur is typically effected either by vigorous agitation alone, by agitation with air stripping, 
or by agitation with the addition of a catalyst. Several catalysts, for example, ammonia, have 
been found to be effective in accelerating the degassing operation (Watson et al., 1981; 
Lagas, 1982). The Shell process utilizes a stripping column (a box) submerged in the sulfur 
pit. See Figure 8-9. Air is sparged into the box to roll the sulfur, thus accomplishing the nec- 
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essary agitation, and also acting as a stripping gas. Air is a more effective stripping agent 
than inert gas, probably because oxygen in the air reacts with H2S to form elemental sulfur. 
The Texasgulf process employs a baffle plate column for agitation. The column is installed 
on the sulfur tank, and sulfur is recycled from the tank to the column. See Figure 8-10. The 
baffle plates agitate the sulfur, releasing the H2S (Lagas, 1982). The SNEA[P] Aquisulf 
process, as described by Nougayrede and Voirin (1989), relies on catalyst addition combined 
with agitation, while the Exxon sulfur degassing process is based on catalyst addition direct- 
ly to the sulfur pit (Goar, 1984; Watson et al., 1981; Schicho et al., 1985). Figure 8-11 is a 
schematic depiction of the SNEA[p] Aquisulf process. Sulfur purity specifications may not 
be met by degassed sulfur that has been in contact with catalyst and this should be consid- 
ered when evaluating sulfur degassing options. 
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CLAUS PROCESS MODIWTIONS 

Oxygen-Based Claus Processes 

Attempts to increase acid gas flow through a Claus plant can be limited by the combustion 
air blower capacity, the practical depth of the condenser sulfur seal legs, or by increased 
back pressure in the amine stripper. In a normal Claus plant, air is the source of the oxygen 
r e q w  for the reaction. As shown by reaction 8- 1,50 moles of oxygen are required to react 
with 100 moles of H2S to produce elemental sulfur. If the oxygen source is air, then 250 
moles of air are required to react with 100 moles of H2S, and the Claus plant tail gas (300 
moles total) would contain about 100 moles of water and 200 moles of nitrogen. The tail gas 
nitrogen content can be reduced or eliminated by replacing some or all of the air with oxy- 
gen. For example, if pure oxygen were used instead of air, the tail gas would consist of just 
100 moles of water, a volume reduction of 67%. Conversely, 300 moles of H2S feed could 
be processed with pure oxygen at the same Claus plant overall pressure drop to give 300 
moles of total tail gas, which consists entirely of water vapor. 

Oxygen enrichment of Claus plant combustion air has been practiced since the early 1970s 
(Fischer, 1971). However, the objective of these early applications was to raise the reaction 
furnace flame temperature when processing acid gases with H2S contents below 10 ~01%. 
Gray and Svrcek (1981) first demonstrated that oxygen addition had economic advantages. 
The first commercial installations where oxygen was used to increase plant capacity were by 
Goar Allison and Assoc.lAir Products at the Conoco Lake Charles refinery in 1985 (Goar et 
al., 1985) and by Lurgi in a European refinery (Fischer, 1985). 

These early demonstrations and subsequent plants have proven very successful, and oxy- 
gen enrichment has become an established method for providing incremental sulfur plant 
capacity and for overcoming bottlenecks in existing plants. Oxygen enrichment technologies 
are now available for license from Goar Allison and Assoc./Air Products, Lurgi, TF'A Inc., 
and BOC Gases. Oxygen enrichment is particularly attractive for debottlenecking existing 
plants as plant capacities can often be more than doubled for 10 to 15% of the cost of a new 
air-based Claus plant (Anon., 1995). Oxygen enrichment can also be used to provide standby 
redundancy. For example, two new parallel Claus trains can be designed so that the oxygen 
enriched capacity of one train is twice the capacity of an individual train using 100% air 
(Stevens et al., 1996). This reserve capacity ensures that loss of an individual Claus train will 
not impact upstream refining operations. 

There is some disagreement concerning the intrinsic capability of oxygen enrichment to 
increase sulfur recovery. Goar et al. (1987) provide examples in which calculated sulfur 
recoveries for oxygen-based processes exceed those for air-based Claus units by 0.3% for a 
rich gas feed (3-converter plant), while calculated recoveries for an oxygen-based unit with a 
lean gas feed are greater by more than 1% (2- or 3-converter plant). Sames and Paskall 
( 1987) have calculated that, on thermodynamic considerations alone, the maximum sulfur 
recovery increase attributable to oxygen enrichment is 0.1% for 3-converter plants. Howev- 
er, these calculations do not include the effect of oxygen enrichment on the performance of 
the tail-gas treating unit. In those cases where there is a downstream hydrogenatiodselective 
amine tail gas unit, overall sulfur recovery can be increased because the flow of gas vented 
to the atmosphere is substantially lower for the oxygen case. Since the concentration of sul- 
fur species in the vented gas will be the same for both the air and oxygen-based designs, the 
reduction in gas flow means that overall sulfur recovery is higher for the oxygen case. 
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Oxygen enrichment can be conveniently divided into three categories: low-level, medium- 
level, and high-level enrichment (Anon., 1995). 

1 .  Low-level oxygen enrichment (< 28 vol% oxygen) 
The upper safe limit for low-level oxygen enrichment is considered to be 28 vol% oxy- 

gen, as special metallurgy and cleaning techniques are required for equipment and piping 
containing oxygen at higher concentrations. Low-level oxygen enrichment is accom- 
plished by injecting oxygen directly into the Claus furnace combustion air. This technolo- 
gy is not licensed and no Claus plant equipment modifications are required other than pro- 
viding a tie-in point for oxygen injection. Clam plant capacity increases of about 20 to 
25% can be accomplished (Anon., 1995). 

2. Medium-level oxygen enrichment (28 to 45 vol% oxygen) 
Pure oxygen can be introduced directly into the reaction furnace separately from the air. 

This can be accomplished with a burner designed specifically for oxygen service (separate 
oxygen port) or with an independent oxygen lance. Introduction of oxygen in this manner 
avoids equipment and piping modifications, allowing overall oxygen concentrations 
greater than 28 ~01%. 

The extent of oxygen enrichment is constrained by the maximum temperature limit of 
the refractory lining in the reaction furnace. Today, refractory is available which is rated at 
over 3,000”F however, actual furnace designs rarely go over a calculated temperature of 
2,850”F. Figure 8-12 shows the calculated reaction furnace equilibrium temperature and 
percent Claus plant capacity increase as a function of the oxygen concentration for a refin- 
ery Claus plant feed that contains 92% H2S in the amine acid gas plus a substantial fraction 
of sour water acid gas. As indicated in Figure 8-12, a typical refinery Claus plant can 
expect to realize an overall oxygen enrichment of about 45% before running into the reac- 
tion furnace refractory temperature limit. According to Figure 8-12, an oxygen concentra- 
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Figure 8-12. Effect of oxygen enrichment on the calculated equilibrium reaction 
furnace temperature and YO Clam plant capacity increase. Courtesy of BOC Gases 
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tion of 45% corresponds to a 75% increase of the original Claus plant design capacity. The 
maximum allowable oxygen concentration is a function of the acid gas H2S concentration. 
Acid gases with low HS concentrations can tolerate higher oxygen enrichment levels with- 
out refractory damage. Licensors offering technology for medium-level oxygen enrichment 
include BOC GasesParsons (SURE process), ComprimolGoar Allison Assoc. (COPE 
process), Lurgi/Pritchard (OxyClaus process) and TPA Inc. (OxyMax process). 

3.  High-level oxygen enrichment (>than 45 vol% oxygen) 
At oxygen concentrations above 45 vol%, it is necessary to provide some means of 

cooling to protect the reaction furnace refractory from high temperatures. The COPE 
process (Goar Allison and Assoc./Air Products) provides a recycle blower which 
quenches the reaction furnace with process gas from the cold side of the first sulfur con- 
denser. See Figure 8-13. The BOC Gases SURE Double Combustion process divides the 
reaction furnace combustion process into two stages with intermediate cooling. See Fig- 
ure 8-14. Both the COPE and the SURE processes can operate at oxygen concentrations 
up to 100% and, per Figure 8-12, can achieve Claus plant capacities over 250% of the 
original design value. Detailed descriptions of each of these processes are provided in the 
following discussion. 

The COPE process is illustrated in Figure 8-13. This Claus process modification includes 
the addition of a specialized reaction furnace burner and a recycle blower, which are the keys 
to the effectiveness of the process. Enriching the combustion air with oxygen increases the 
reaction furnace temperature. For a rich gas feed, the typical maximum temperature of 
2,700" to 2,900"F is reached when the oxygen content of the air reaches approximately 45 
~01%. To avoid exceeding this temperature limitation, the COPE process recycles cool gas 
from downstream of the first condenser back to the reaction furnace. As the level of oxygen 
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Figure 8-14. BOC GasedParsons SURE Double combustion process. Courtesy of BOC 
Gases 

enrichment is increased, the amount of recycle is increased accordingly so that the refractory 
temperature limitation is not exceeded. Enrichment to 100% oxygen is possible with the 
COPE process. The proprietary Duiker burner, specifically designed for the process, is capa- 
ble of handling not only the acid gas and air streams, but also the hot recycle gas and oxygen 
(Hull and Sorensen, 1985; Schalke et al., 1989). 

Although the addition of oxygen lowers the overall Claus plant pressure drop, the recycle 
gas can cause a higher pressure drop through the burner, reaction furnace, waste heat boiler, 
and first sulfur condenser than in a conventional Claus plant. However, the flow through the 
reheaters, catalytic converters, remaining condensers, and a selective amine-type tail gas 
cleanup unit is much lower than in a conventional plant, resulting in a net overall pressure drop 
reduction for a given H2S throughput. Capacity increases on the order of 100% (or more) are 
possible for a refinery Claudselective amine tail gas unit with a rich acid gas feed (Hull and 
Sorensen, 1985). The COPE process is reported to have achieved an 85% capacity increase at a 
refinery in its first commercial application. To achieve such large capacity increases it may be 
necessary in some plants to modify or replace the waste heat boiler and the downstream first 
sulfur condenser, as their design capacities may be exceeded (Goar et al., 1987). 

The COPE process yields more modest capacity increases in gas field applications where 
leaner acid gases typically occur. Also, for a two-catalytic reactor Claus plant with a sub- 
dewpoint tail gas unit, the thermal conversion section contributes a large proportion of the 
total unit pressure drop and, for this reason, the addition of the COPE recycle gas loop will 
have a proportionately larger impact on the overall system pressure drop. Therefore, this 
configuration will reach its pressure drop capacity limitation sooner than a three-stage Claus 
plant with a selective amine tail gas unit. The COPE process achieves significant capacity 
increases when the acid gas feed contains more than 60% hydrogen sulfide and when the 
thermal conversion section contributes a small fraction of the total pressure drop. 
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When additional sulfur recovery capacity is required, modifying an existing sulfur recovery 
unit with a COPE addition has cost advantages compared with the provision of a new sulfur 
recovery train having the same incremental capacity. Two examples of a Claus plant with a 
sub-dewpoint tail gas unit are provided by Goar et al. (1987); one having 92.4 mol% and the 
other 14 mol% hydrogen sulfide in the feed gas. Both examples show substantial savings in 
favor of the COPE modified units in regards to the incremental cost required to produce addi- 
tional sulfur. This is principally attributable to the very low capital investment required to 
convert a conventional Claus plant to the COPE process. The COPE process power and fuel 
gas costs are also lower than for the combined original and new conventional Claus units. The 
largest operating cost component for the COPE modified units is the cost of oxygen. 

A grassroots facility incorporating the COPE process will have smaller sized equipment 
downstream of the first condenser due to the reduced process gas flow rates. However, the 
comparative economics for COPE and conventional air-based Claus plants are much closer 
for new facilities than for revamps. Goar et al. (1987) compare a grassroots COPE design 
with a grassroots Claus plant. Both plants have a selective amine tail gas unit. The authors 
project a cost of sulfur production savings of approximately 9% in favor of the COPE-based 
unit. A similar study by Hull and Sorcnscn (1985) indicates identical sulfur production costs. 
Both examples are based on a rich feed gas. The application of COPE technology to grass- 
roots facilities that process very lean gas streams is generally considered to be uneconomical 
since the high fraction of inerts, primarily carbon dioxide, in the acid gas does not allow sig- 
nificant downsizing of process equipment. 

In 1995, it was reported that 11 COPE units were in operation with an additional six units 
under license and in various stages of construction (Anon., 1995). 

The Lurgi OxyClaus process uses a specially designed reaction furnace burner whose 
operation approaches equilibrium reaction furnace temperatures. The QxyClaus main burner, 
which is depicted in Figure 8-15, consists of a number of individual acid gas burners sur- 
rounded by a central start-up burner muffle. Each of the individual acid gas burners consists 
of three concentric lances: an inner oxygen lance, a middle acid gas lance, and an outer 
process air lance. This configuration results in a very hot oxygen flame with a core tempera- 
ture of over 2000°C which is enveloped by a cooler a i r h i d  gas flame. In the very hot oxy- 
gen flame, HzS, C02, and H20 decompose to form H2, CO, and O2 according to the follow- 
ing endothermic reactions: 

co2 = co + go2 

These strongly endothermic reactions, which are included in free energy minimization cal- 
culations, provide the temperature moderation needed to protect the reaction furnace refrac- 
tory at oxygen concentrations approaching 45 ~ 0 1 %  (Stern et al., 1994; Stevens et al., 1996; 
Lurgi, 1994). See Figure 8-12. The OxyClaus burner can utilize higher oxygen concentra- 
tions if the acid gas is leaner. 
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Figure 8-15. Lurgi OxyClaus reaction furnace burner. (Stevens eta/., 1996) 

As of 1995, ten plants using the OxyClaus technology were in operation in either Europe 
or the United States, and twelve additional units were in desigdconstruction (Anon., 1995). 

BOC Gases SURE Process 

BOC Gases and the Ralph M. Parsons Co. offer the SURE oxygen-enrichment process. 
The SURE burner, like the Lurgi OxyClaus burner, is a tip mixed system where the acid gas 
and oxygedair are mixed together after leaving the burner. As in the Lurgi OxyClaus burner, 
the interface between the oxygen stream and the acid gas forms a hot gas envelope within the 
flame and areas within this region can be 1,800"F (l,OOO°C) hotter than the average reaction 
furnace flame temperature. These hot temperatures are very beneficial in destroying contam- 
inants, such as ammonia and heavy hydrocarbons, and lead to endothermic, temperature- 
moderating reactions (reactions 8-5 through 8-7) which produce hydrogen and carbon 
monoxide and moderate the reaction furnace temperature, allowing oxygen concentrations 
up to about 45 vol% without damaging the refractory. BOC has developed a standard range 
of SURE burners with capacities up to 600 LT/day of sulfur (Anon., 1995). 

Figure 8-16 depicts a SURE reaction furnace burner being installed in a North American 
refinery Claus plant. The SURE burner, like the Lurgi OxyClaus burner, can operate at oxy- 
gen concentration levels of 45 vol%, achieving Claus plant capacity increases of about 80%. 
See Figure 8-12. Further details regarding the SURE process are provided by Chen et al. 
(1995), Hull et al. (1995), and Watson et al. (1995, 1996). 

For very high oxygen concentrations, BOC Gases also offers the SURE Double Combus- 
tion process. To limit the temperature rise and protect the reaction furnace refractory, the 
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Figure 8-16. SURE oxygen burner being retrofitted onto a Claus plant reaction furnace 
in a North American refinery. Courtesy of BOC Gases 

combustion reactions are carried out in two stages with intermediate cooling as shown in 
Figure 8-14. Acid gases are first subjected to a partial combustion at temperatures well 
below the safe operating temperature of the refractory, but at temperatures high enough to 
ensure complete ammonia and hydrocarbon destruction. This first stage of combustion is 
carried out without attempting to meet the overall stoichiometry requirements or total oxy- 
gen demand. The gases are then cooled in a waste heat boiler prior to entering a second reac- 
tion furnace where the remainder of the oxygen is introduced. 

In the SURE Double Combustion process, there is no sulfur condenser between the first 
and second waste heat boilers. Also, there is no burner in the second reaction furnace. By 
design, the gases exiting the first waste heat boiler and entering the second reaction furnace 
are substantially above the auto ignition temperature. Since the gases entering the second 
reaction furnace are above the auto ignition temperature, even small quantities of oxygen will 
react completely, and there is no minimum oxygen flow required to maintain a stable flame. 
There is also minimal pressure drop through the system because there is just one burner. 

The SURE Double Combustion process is particularly attractive in a revamp situation. 
The existing reaction furnace and waste heat boiler become the No. 2 units; and a new bum- 
er, No. 1 reaction furnace, and No. 1 waste heat boiler are added upstream of the existing 
reaction furnace. It is reported that 100% oxygen enrichment can be achieved with this 
process. According to Figure 8-12, the SURE Double Combustion process can achieve over 
two and one-half times the original Claus plant design capacity. 
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As of the end of 1996, there were a total of 12 licensed SURE units with 8 in actual opera- 
tion. Of the twelve licenses, four were Double Combustion units (Schendel, 1997). 

TPA Inc. Oxygen Enrichment Processes 

Low-level oxygen enrichment processes (< 28 vol% oxygen) offered by TPA Inc. provide 
Claus plant capacity increases of about 20%. For oxygen enrichment up to about 60 vol%, 
P A  offers its Oxygen Injection System, which is claimed to achieve capacity increases of 
30 to 100% (Anon., 1995). The OxyMax technology for oxygen enrichment levels above 60 
~ 0 1 %  is under development and was not commercialized as of 1995 (Anon., 1995). As of 
1995, TPA had installed 14 oxygen enrichment systems. The capacity increase for these sys- 
tems was reported to range from 28 to 100% (Anon., 1995). 

Isothermal Reactor Concepts 

tinde Clinsulf procesS 

Linde A.G. of Munich, Germany, has developed an isothermal Claus reactor design in 
which the heat of reaction is removed directly from the Claus reactor. This concept achieves 
sulfur recoveries comparable to the conventional adiabatic reactor design, but with fewer 
reaction stages and less total equipment. 

The Linde Clinsulf process, as described by Heisel and Marold (1989), Linde (1988; 
1990), and utilizes a vertical reactor with cooling coils installed directly in the reactor bed. 
Heat is removed by generating steam inside the cooling coils, permitting isothermal opera- 
tion. Linde has developed a number of different Clinsulf process configurations, each adapt- 
ed to specific feed compositions and sulfur recovery levels. #en one isothermal reactor is 
included in the process scheme, a sulfur recovery of approximately 94% is claimed, making 
the process equivalent to a conventional two stage Claus plant. For acid gas feeds containing 
20% or more hydrogen sulfide, the Linde Clinsulf process incorporates a conventional reac- 
tion furnace, a waste heat boiler, and a first condenser upstream of the isothermal Clinsulf 
reactor, which contains conventional Claus catalyst. A condenser downstream of the isother- 
mal reactor recovers sulfur from the reactor effluent before the gases are incinerated and dis- 
charged to atmosphere. For an acid gas feed that contains 10% or less hydrogen sulfide, sul- 
fur recovery is accomplished by means of a direct oxidation catalyst installed in the 
isothermal reactor. The feed is preheated in an upstream feed heater, and the sulfur is recov- 
ered in a downstream condenser while the tail gases are incinerated. 

Increased sulfur recovery can be obtained with a modification of the Clinsulf process that 
uses two parallel Clinsulf reactors downstream of the second condenser. The first of the two 
parallel reactors is operated at a temperature below the sulfur solidification point by cooling 
the reactor internally to less than 100°C at the outlet, while the second reactor is regenerat- 
ing. The two parallel reactors alternate between reactionladsorption and regeneration modes 
of operation. Linde has investigated sub-solid-point operation at its test facility in Hollriegel- 
skreuth and claims that sulfur recoveries up to 99.8% can be achieved (Linde, 1988). In 
1994, it was reported that two Clinsulf plants were in operation (Linde A.G., 1994). 

BASF Catasulf Process 

BASF of Ludwigshafen, Germany, has developed the Catasulf process (Anon., 1992) 
which utilizes an isothermal tubular reactor. The feed gas containing 5-15 mol% of hydro- 
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gen sulfide and a stoichiometric amount of air or oxygen is preheated and then passed 
through the reactor tubes which contain a direct oxidation catalyst. The heat of reaction 
evaporates a cooling agent on the shellside of the reactor, which in turn generates medium 
pressure steam on condensing in a separate heat exchanger. Sulfur is recovered in a down- 
stream condenser. Up to 94% of all sulfur compounds are converted to sulfur. Sulfur conver- 
sion is increased to 97.5% when a downstream adiabatic reactor and sulfur condenser are 
installed. The tail gas is then routed to incineration or a tail gas treatment unit. In 1992, it 
was reported that one 48 L T D  Catasulf plant was in operation (BASF, 1992). 

Developmental Sulfur Recovery Processes 

MTE Sulfur Recovery procesS 

The MTE Sulfur Recovery process, which uses a flowing bed of catalyst particles instead 
of conventional fixed catalyst beds, has been disclosed by Simek (1991). A test unit has been 
built and operated. The MTE Sulfur Recovery process feed is the reaction gas from the first 
sulfur condenser following the reaction furnace and waste heat boiler. The reaction gas is 
reheated to 350" to 430'F and contacted with sulfur-rich catalyst in the regenerator where 
additional sulfur is p d u c e d  while essentially all of the sulfur on the catalyst is vaporized. 
The sulfur laden gas from the regenerator is partially cooled to condense the bulk of the sul- 
fur, and then further cooled to condense the reaction water and remaining sulfur. A blower 
circulates the cooled gases into a pipe reactor where the remaining hydrogen sulfide and sul- 
fur dioxide react at a temperature below the sulfur dew point in the presence of regenerated 
catalyst from the bottom of the regenerator. The now sulfur-rich catalyst is separated from 
the tail gas in the reactor vessel and flows back to the regenerator. Tail gas is routed out of 
the unit. Cyclones and electrostatic precipitators are installed in the heads of the regenerator 
and reactor to prevent catalyst dust from being carried to downstream equipment. Attributes 
claimed for the process include sulfur recovery in excess of 99%. a small catalyst inventory, 
and relatively low catalyst consumption. 

Richanis Sulfur Recovery Pmes  

A modification of the Claus process operating at elevated pressure has been disclosed by 
Kerr et al. (1982). This process, named the Richards Sulfur Recovery Process (RSRF'), was 
developed jointly by Alberta Energy Company Ltd. and Hudsons Bay Oil and Gas Company 
Ltd. (now Amoco Canada Petroleum Co. Ltd., of Calgary, Canada). The process was tested 
in the laboratory and a conceptual design of a commercial plant was proposed. Operation is 
conducted at pressures ranging from 70 to 300 psig with the catalyst immersed in circulating 
liquid sulfur which acts as a cooling medium. An interesting feature of the process is that the 
combustion furnace of a Claus plant is replaced with a catalytic oxidizer, where a portion of 
the H2S in the feed gas is partially oxidized with cool liquid sulfur being sprayed over the 
catalyst bed to maintain the temperature at 700" to 800'F. Conversion of H2S to sulfur of 
more than 99% is claimed. There has been no subsequent development of the process, and 
commercialization is believed to be unlikely. 

Miscellaneous Processes 
Another modification of the Claw process, operating at much lower temperatures and 

reportedly usable for H2S removal from hydrocarbon gases, was developed through the pilot- 
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plant stage in the United States by the Jefferson Lake Sulfur Company (Anon., 1951). In the 
process, the SOz necessary for the reaction is obtained by buming sulfur in an external bum- 
er. The gas to be treated is preheated to moderately high temperatures and then contacted 
with the SOz in several chambers containing a special catalyst. The elemental sulfur formed 
is removed from the gas by condensation. Periodic regeneration is required to maintain high 
catalyst efficiency. It is claimed that hydrocarbons pass unaffected through the catalyst beds. 
This process can also be used for acid-gas streams of such low hydrogen sulfide content that 
combustion could not be sustained even with only one-third of the gas stream. 

A process also based on the reaction of H2S with SO2 is described by Audas (1951). In 
this process, which was developed through the pilot-plant stage and i s  covered by British 
Patent 653,317, SOz is added to the gas in slight excess over the amount theoretically 
required to react with the H2S. The gas is then passed through a bed of alumina chips or 
granules from which it emerges free from sulfur compounds. Depending on the H2S content 
of the gas, the operating temperature ranges from 85" to 190°F. Elemental sulfur, water, and 
excess SO, are retained on the alumina. A portion of the alumina is continuously withdrawn 
from the bottom of the bed, and regenerated alumina is added to the top of the purification 
vessel. The spent alumina is regenerated by recycling combustion gases at a temperature of 
850°F. Sulfur and SO2 are recovered from these gases. By adjustment of the oxygen content 
of the circulating gas, the sulfur can be completely converted to S 0 2 .  The advantages 
claimed for this process are (a) drastic reductions in plant volume and ground area, if com- 
pared to an equivalent iron oxide dry-box installation; (b) recovery of relatively pure sulfur 
and SO,; and (c) production of extremely dry gas. 

Direct catalytic oxidation of hydrogen sulfide to elemental sulfur in the presence of 
gaseous paraffinic hydrocarbons or other gases has been reported by Grekel (1959). 
Although pilot-plant work indicated good conversions and no effect on the hydrocarbons, the 
process has so far not been successfully commercialized. 

A process using synthetic zeolites for recovery of sulfur from sour gases under pressure 
has been described by Haines et al. (1961). In this process, which has been tested in a pilot 
plant, but which has not been commercialized, hydrogen sulfide is adsorbed on the zeolite 
which is then regenerated with sulfur dioxide containing gas at high temperatures. The ele- 
mental sulfur formed is condensed, and residual hydrogen sulfide and sulfur dioxide are 
vented to atmosphere. 

CLAUS PLANT TAIL GAS TREATMENT PROCESSES 

When the Claus sulfw conversion process was first introduced, it was considered to be a 
means of air pollution control capable of recovering up to about 97% of the sulfur from acid 
gas streams that would otherwise be burned and vented to the atmosphere. However, as 
Claus plants became more common, and air pollution control regulations became more strin- 
gent, the unrecovered sulfur compounds in Claw plant tail gas streams became the target of 
further regulation. As a result, many techniques were proposed andor developed to increase 
the overall sulfur removal efficiency of sulfur recovery systems and thereby reduce the 
amount of sulfur escaping into the atmosphere. 

Most of the Claus plant tail gas treating processes that have achieved commercial status can 
be categorized into three basic types: (1) sub-dewpoint Claus processes in which a higher con- 
version efficiency is obtained for the basic Claw reaction by operating the final catalyst 
bed(s) of the system at a very low temperature, i.e., below the dew point of sulfur in the gas 
stream; (2) direct oxidation processes in which the Claus process section of the plant is oper- 
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ated to produce a tail gas containing H2S, but little or no S q ,  and the H2S is then oxidized 
directly to sulfur by use of special highly selective catalyst that promotes only the irreversible 
oxidation reaction (equation 8-1); and (3) sulfur dioxide reduction processes in which SO2 
and other sulfur compounds in the tail gas are first converted to H2S, and then removed from 
the gas stream by any of the well established Hfi removal techniques. Processes representa- 
tive of these three major categories are described in the following sections. 

Sub-Dewpoint Claus Processes 

As shown in Figure 8-1, the equilibrium conversion of H2S to sulfur increases with 
decreasing temperature in the moderate temperatm region, and continues to decrease as the 
temperature is reduced below the sulfur dew point, approaching 100% at a temperature of 
about 250°F. Conventional Claus process catalyst beds are maintained at a temperature well 
above the sulfur dew point to avoid the deposition of liquid sulfur on the catalyst, but this 
precludes the attainment of the high efficiencies possible at lower temperatures. 

Sub-dewpoint Claus processes utilize the same chemical reactions as the conventional 
Claus systems, but operate the catalyst beds at a temperature below the sulfur dew point to 
take advantage of the high equilibrium conversion possible. The problem of sulfur deposi- 
tion in the catalyst bed is resolved by using several beds in a cyclic operation, which 
includes periodic regeneration of each bed by vaporizing deposited sulfur into a hot purge 
gas. The sub-dewpoint sulfur conversion technique can be used as an add-on to an existing 
Claus unit or designed into a high efficiency integrated system. Commercial sub-dewpoint 
processes include the Lurgi/SNEA[P] Sulfreen process, the AMOCO CBA process, and the 
MCRC sulfur recovery process offered by Delta Projects, Inc. 

Sulfreen Process 

zntroducth. The Sulfreen process was developed jointly by Lurgi Gesellschaft fur 
Wiirme und Chemotechnik of Germany and Soci6t6 Nationale des Petroles d'Aquitaine (now 
Soci6t6 National Elf Aquitaine [Production]) of France for the specific purpose of reducing 
residual sulfur compounds in the tail gases from Claw type sulfur recovery plants. The 
process is a sub-dewpoint Claus process, as described previously. The reaction between 
hydrogen sulfide and sulfur dioxide is carried out at lower temperatures than normally used 
in the Claus process, permitting more complete conversion to elemental sulfur. The sulfur 
formed by the Claw reaction is adsorbed on the solid catalyst, lowering the sulfur partial 
pressure in the gas phase and shifting the reaction towards further sulfur formation. The cata- 
lyst activity decreases as it becomes progressively laden with sulfur. To maintain catalyst 
activity at an acceptable level, the sulfur load on the catalyst must be limited. The catalyst is 
therefore regenerated periodically by thermal desorption of the sulfur. 

The catalyst originally used in the Sulfreen process was a specially prepared activated car- 
bon. This catalyst, although highly efficient, requires high temperatures to vaporize the 
adsorbed sulfur during regeneration. An alumina catalyst similar to that used in Claw units 
was subsequently developed and all Sulfreen plants since 1972 have been designed to oper- 
ate with alumina catalyst. Results from an extensive investigation of alumina catalyst perfor- 
mance under conditions representative of the Sulfreen process, i.e., at temperatures below 
the sulfur dew point, have been reported by Pearson (1976). The study showed that the cata- 
lyst retains its activity even when loaded up to 50% by weight with adsorbed sulfur. Use of 
alumina permits sulfur removal at a relatively low temperature, about 570"F, which not only 
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reduces fuel consumption relative to activated carbon, but also makes it possible to construct 
the entire plant of carbon steel. In older plants utilizing activated carbon catalyst, stainless 
steel converters were required to withstand corrosion at the high regeneration temperatures. 

Although the Sulfreen process is cyclic, alternating between sulfur adsorption and desorp- 
tion, the use of several converters in adsorbing, desorbing, and cooling service permits con- 
tinuous operation. 

Process Description. A description of the original form of the Sulfreen process which uses 
the activated carbon catalyst was presented by Guyot and Martin (1971). The details of the 
process using alumina catalyst have been described by Cameron (1974), Grancher and 
Nougayrede (1976), Nougayrede (1976), and Le11 and Nougayrede (1991). A typical flow 
scheme is shown in Figure 8-17. A Sulfreen unit includes a group of converters, generally 
three in larger plants and two in smaller ones, charged with a conventional alumina catalyst. 
The Claus plant tail gas, containing typically about 1 .O vol% hydrogen sulfide, 0.5 vol% sul- 
fur dioxide, and some sulfur vapor, passes through two converters operating in parallel in 
adsorption at 260" to 300"F, and about 75 to 85% of the hydrogen sulfide and sulfur dioxide 
are converted to elemental sulfur. The treated gas from the converters is routed to the incin- 
erator and then discharged to the atmosphere via a stack. 

The third converter, which is saturated with sulfur, is offline and undergoing regeneration. 
This is carried out using a closed loop system and begins by heating the catalyst bed with 
regeneration gas that has been heated to about 600°F in an indirectly fEed heater. The sulfur 
adsorbed by the catalyst is vaporized into the gas stream and then recovered as a liquid upon 
cooling in the downstream condenser, where low pressure steam is usually generated. The 
regeneration gas is then recirculated by a blower through the heater back to the converter. 
The generation of sulfur vapor peaks at a catalyst bed temperature of about 500°F and then 
gradually declines to zero at the end of the heating cycle when the bed has reached about 
570'F. During the early stages of regeneration, water that has adsorbed onto the catalyst 
along with the sulfur also desorbs and must be purged from the loop. Constant pressure is 
maintained in the regeneration loop by means of an equilibration line between the tail gas 
line and the blower suction. 

When regeneration is complete a small quantity of Claus plant acid gas feed is introduced 
into the loop. The hydrogen sulfide in this gas reduces sulfate that has formed on the alumina 
catalyst. This sulfate forms on the catalyst during adsorption, when oxygen present in the 
feed gas reacts with SO2 to form sulfur trioxide according to reaction 8-8. 

f------" --- 

--------------- 

Figure 8-1 7. Two (or three) reactor Sulfreen unit. (Le// and NOUgWmk?, 1991) 

--------------- 

Figure 8-1 7. Two (or three) reactor Sulfreen unit. (Le// and NOUgWmk?, 1991) 
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The sulfur trioxide is adsorbed by the alumina as sulfate, S042-. The sulfate reduction 
technique, which can be represented by equation 8-9, has proven to be very effective in pre- 
serving high catalyst activity over long periods of time. 

H2S + SO3 = S + H20 + SO2 (8-9) 

The regenerated bed is then cooled by a slipstream of treated gas from the adsorbing beds. 
After leaving the bed, the cooling gas flows through the condenser, blower, and regeneration 
heater before being routed to the incinerator. An alternative cooling method circulates regen- 
eration gas through the reactor (and condenser) but not through the regeneration heater. 
When cooling is complete, the regenerated converter is switched to adsorption and the satu- 
rated converter in adsorption is switched to regeneration. The various steps of the process 
cycle are automatic, according to a fixed program sequence. 

Performance of alumina catalyst in Sulfreen units is discussed in a study presented by 
Grancher (1978). The problem of catalyst sulfation and the use of hydrogen sulfide as a sul- 
fate reducing agent are described. Figure 8-18 shows the effect of H2S on the efficiency of 
regenerated catalyst. Another approach reported by Grancher (1978) is the use of a special 
proprietary catalyst named AM catalyst, which reportedly removes oxygen and is also an 
effective catalyst for the Claus reaction. The AM catalyst consists of an undisclosed metallic 
salt supported on activated alumina. 

In 1994, it was reported that 40 Sulfreen units were in operation treating tail gas from 
Claw plants having capacities ranging from 50 to 2,200 long tons of sulfur per day, and five 
more plants were under construction (Soci6t6 National Elf Aquitaine (Production) and Lurgi 
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Figure 8-18. Effect of H$ in regeneration gas on cleanup efficiency of alumina 
catalyst. (Gramher, 1978). Courtesy of Hydmatixm Rvcessing 
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GmbH, 1994). Operating data for several of these plants have been reported by Guyot and 
Martin (1971), Cameron (1974), Grancher and Nougayrede (1976), and Nougayrede (1976). 
It is claimed that with a properly designed and operated plant, better than 99% overall sulfur 
recovery is attainable with the combination of the Claus-Sulfreen processes. As with a Claw 
unit, optimum conversion in a Sulfreen unit depends on maintaining the stoichiometric ratio 
of two moles of hydrogen sulfide to one mole of sulfur dioxide in the Claus tail gas, which 
requires close control of the Claus plant operation. 

Utility consumption data for six Sulfreen units, ranging in capacity from 0.32 to 7.3 
MMscflhour of tail gas from Claus units producing from 90 to 2,100 long tons of sulfur per 
day, are provided in Table 8-3 (Nougayrede, 1976). A photograph of a Sulfreen unit at Lacq, 
France, is shown in Figure 8-19. 

To meet progressively stricter air pollution regulations, the process licensors have made 
improvements to the basic Sulfreen process resulting in several new versions. These are 
described by Le11 and Nougayrede (1991). The Two-Stage Sulfreen process uses two adsorp- 
tion stages in series with intermediate cooling. Sulfur recovery is improved by removing the 
heat of reaction generated in the first sub-dewpoint converter before the gas enters the sec- 
ond. Overall sulfur recoveries in excess of 99.5% are claimed. 

The sulfur recovery efficiency of the basic Sulfreen process is partly limited by the carbonyl 
sulfide and carbon disulfide content in the Claus plant tail gas. These compounds typically 
account for 30 to 50% of the overall sulfur losses from a conventional Sulfreen unit, as they do 
not hydrolyze to any significant degree at the process operating temperature. In the Hydrosul- 
freen process, the tail gas is pretreated to hydrolyze carbonyl sulfide and carbon disulfide to 
less than 50 ppm as sulfur, while simultaneously excess hydrogen sulfide is directly oxidized to 
sulfur. These reactions are performed by contacting the tail gas with an activated titanium diox- 
ide catalyst (CRS 31) at about 570°F. The oxidizing air admitted to the hydrolysis/oxidation 
reactor is controlled to maintain a ratio of two moles of hydrogen sulfide to one mole of sulfur 
dioxide at the downstream side, prior to entering the Sulfreen converters. An overall sulfur 
recovery of 99.4 to 99.7% is claimed for this process. The process licensor reports that the 
investment for this form of the Sulfreen process is 40 to 55% of the associated, upstream Claus 
unit cost, as compared to 30 to 45% for the basic Sulfreen process (Anon., 1992). 

The Oxysulfreen process involves three pretreatment steps upstream of the Sulfreen reac- 
tors. The f i s t  step is catalytic hydrogenation and hydrolysis of sulfur compounds to hydro- 
gen sulfide. This is followed by condensation and removal of water from the process gas in a 
quench tower. Finally, the process gas is heated and passed with air through a reactor con- 

B C D E F 
Carbon Alumina Alumina Alumina Alumina 

7.3 1.3 7.0 6.7 0.32 
2,000 2,100 1,800 1,600 90 
1,700 1,500 1,500 1,450 40 

24,000 20,000 23,000 23,000 850 
40 27 33 33 1.25 

Table 8-3 
Utility Requirements for Sulfreen Units Treating Claus Tail Gases 

I 

Plant 

Catalyst 
Tail Gas, MMscfhr 
Claw Capacity, LTD Sulfur 
Electricity, h.p. 
Steam Production, I b s h  
Fuel Gas, Mscfhr 
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Figure 8-19. Sulfreen plant treating tail gases from a 1,000 long tons per day, Claus- 
type sulfur plant at Lacq (France). Lurgi Gesellschafi fiir Warme and Chemotechnik and 
Societe Nationale des Petroles d‘Aquitaine 

taining CRS 3 1 catalyst. Approximately 50 to 70% of the hydrogen sulfide in the gas is oxi- 
dized directly to sulfur. As in the Hydrosulfreen process, the flow of oxidizing air to the 
Oxysulfreen reactor is controlled to maintain a ratio of two moles of hydrogen sulfide to one 
mole of sulfur dioxide in the outlet upstream of the Sulfreen converters. Depending on the 
initial hydrogen sulfide content of the acid gas and on the quench tower overhead tempera- 
ture, overall sulfur recoveries of 99.7 to 99.9% are claimed. The process licensor reports that 
the capital cost for this process is about 90 to 110% of the Claw unit (Anon., 1988). 

AMOCO Cold Bed Adsorption (CBA) Process 

Introduction. This process, which was developed by AMOCO Canada Petroleum Company, 
Ltd. in the early 1970s, has been described by Goddin et al. (l974), Nobles et al. (l977), Reed 
(1983), and Lim et al. (1986). The Cold Bed Adsorption (CBA) process is a “sub-dewpoint” 
sulfur recovery process and is quite similar in principle to the Sulfreen process, as the Claus 
reaction is also carried out at sufficiently low temperatures to cause condensation of sulfur on 
the catalyst. However, unlike the Sulfreen process, where a closed loop of inert gas is used to 
desorb the adsorbed sulfur, a hot gas slipstream from the Claus unit is used for this purpose. 

Process Description. Amoco has numerous configurations for the CBA process (Berman, 
1992), involving from two to four total catalytic converters. The total number of converters 
utilized and their split between conventional Clam operation and sub-dewpoint operation is 
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dependent upon the sulfur recovery desired and the acid gas hydrogen sulfide concentration. 
Two common configurations are four converters with the third and fourth converters cycling 
through the adsorption, regeneration, and cooling steps; and three converters with the second 
and third converters cycling. It is claimed that the first configuration is capable of achieving 
99.0 to 99.2% sulfur recovery, and the latter is capable of achieving 98.5 to 99.0%. when 
recovery is averaged over the entire cycle. Other CBA process configurations may achieve 
even higher recovery. The process may be combined with the Claus unit, or added down- 
stream as a tail gas treater. 

The flow of gases through a four-converter CBA process unit during the regeneration and 
cooling periods is shown in Figures 8-20 and 8-21. The process up to the first Ciaus con- 
verter is identical to a conventional Claus plant. During the regeneration period, shown in 
Figure 8-20, the first converter effluent at 600" to 650°F is fed to CBA converter No. 1. The 
hot gas vaporizes the sulfur that has condensed on the catalyst, thereby reactivating it. Heat- 
ing of the catalyst bed is accomplished not only by the sensible heat of the feed gas, but also 
by the heat of the Claus reaction. The hot, sulfur laden gas is cooled in condenser No. 2 to 
recover liquid sulfur, and then reheated prior to entering conventional Claus converter No. 2. 
The sulfur formed in this converter is recovered by cooling the gas to about 260°F in con- 
denser No. 3. The gas is sent at this temperature. to CBA converter No. 2, which is in the 
adsorption mode. The effluent from this converter is sufficiently low in sulfur content so that 
it can be sent directly to the incinerator. 

When regeneration of CBA Converter No. 1 is completed, the valves are switched to start 
cooling the hot converter as shown in Figure 8-21. During the cooling period, tail gas from 
Condenser No. 3 is diverted to CBA Converter No. 1 and then to CBA Converter No. 2 via 
condenser No. 4. The two CBA converters are operating in series during this phase, which 
benefits sulfur recovery. When cooling is completed, the effluent from CBA Converter No. 1 
is sent to incineration and regeneration of CBA Converter No. 2 is started. 

The sequence of operations for the three-converter configuration, with the second and 
third converters cycling, is similar to the four-converter sequence. However, there is no sec- 
ond Claus converter, with upstream reheater and downstream condenser, and the final con- 
denser is operated continuously upstream of the adsorbing converter. 

The catalyst used in the CBA converters is alumina, the same as that used in the Claus 
converters. A discussion of catalyst performance in low temperature Claus processes has 
been presented by Pearson (1976). 

The pressure drop through a CBA unit depends to a large extent on the system design. As 
an add-on to an existing two reactor Claw unit, the addition of two CBA converters, a con- 
denser, and the switching valves can add 1 to 3 psi to the overall plant pressure drop. How- 
ever, converting an existing three-converter Claus unit to a three-converter CBA unit will 
have minimal impact on plant pressure drop. 

The process licensor claims that the capital cost of a three-converter CBA unit is between 
95 and 125% of that of a conventional three-converter Claus unit. This CBA configuration 
has one less condenser and two less converter reheaters than the Claus unit, but requires the 
purchase of switching valves. A four-converter CBA unit is claimed to have a capital cost 
between 120 and 150% of that of a conventional three-converter Claus unit. In 1992, the 
CBA process was in operation in about 20 facilities worldwide both in gas processing plants 
and refineries (Berman, 1992). 

The sulfur recovery of the CBA process can be increased when used in conjunction with 
Amoco's ULTRA (Ultra Low Temperature Reaction and Adsorption) or ELSE (Extremely 
Low Sulfur Emissions) processes. The intent of the ULTRA process (Berman, 1992; Lee et 
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Figure 8-20. AMOCO-CfM process, regeneration. 

al., 1984) is to operate the sub-dewpoint converter at a lower temperature than is normally 
practiced (as low as 180OF) to enhance sulfur recovery by a further improvement to the 
Claus reaction equilibrium. However, prior to admission to the adsorption bed, the process 
stream must be hydrogenated to convert sulfur vapor, sulfur dioxide, and organic sulfur com- 
pounds to hydrogen sulfide. Also, water vapor must be removed to prevent adsorption on the 
catalyst and to improve the reaction equilibrium, and one-third of the hydrogen sulfide gen- 
erated during the hydrogenation step must be oxidized back to sulfur dioxide. Sulfur recover- 
ies on the order of 99.5 to 99.7% were reported during pilot plant testing. 
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Figure 8-2l. AMOCO-G6A process, cooling. 

The ELSE process (Lee and Reed, 1986; Berman, 1992) utilizes a solid zinc oxide sorbent 
to remove residual sulfur compounds from the tail gas of a Ciaus or ClaudCBA plant. The 
process is comprised of two ELSE reactor beds, one always in absorption and the other in 
regeneration. When the absorbing bed has become deactivated through conversion of the 
zinc oxide to the sulfide, it is regenerated by oxidation at 1,100'F with a dilute air stream. 
During pilot plant testing the effluent gas from the process was reported to contain less than 
50 ppm of sulfur dioxide, corresponding to a sulfur recovery greater than 99.95%. As of 
mid-1996 there had been no commercial scale ULTRA or ELSE process units built. 



Sulfur Recovery Processes 

MCRC Sulfur Recovery Process 

Process Description. The MCRC (Maximum Claus Recovery Concept) process, which 
was described by Heigold and Berkeley (1983) and Heigold (1991), is licensed by Delta Pro- 
jects Inc., of Calgary, Canada, and is quite similar to the Amoco CBA process. The process, 
shown in Figure 8-22 for the three-bed design, is a sub-dewpoint Claus type, with the equip- 

Figure 8-22. Three-converter MCRC unit including Claus section. (Heiguld, 7991) 
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ment and piping preceding the second converter the same as for a conventional Claus plant. 
The second and third converters alternate automatically between sub-dewpoint 
reactionladsorption and regeneration modes of operation. Four-converter MCRC units are 
also available, with three of the converters in cyclic operation. This configuration always has 
two converters in adsorption with the process gas flowing through them in series. 

There are several operational and configurational differences that distinguish the MCRC 
process from the CBA process. With the MCRC process, the gases leaving the first converter 
(Claus converter) are cooled to partially condense the sulfur formed in the reaction, then 
reheated before entering the regenerating converter. Thus, the latter functions as a Claus con- 
verter while regeneration is proceeding. The MCRC process does not include a cooling peri- 
od in the cycle, but switches the converter directly from regeneration to adsorption. With a 
three-converter unit this results in a slight dip in sulfur recovery for a period of time after 
bed switching while cool-down occurs, although the overall recovery remains above 99%. 
There is essentially no dip in recovery with the four-converter unit as the two sub-dewpoint 
beds operating in series dampen any impact caused by bed switching. A distinctive feature of 
the MCRC process is that each sub-dewpoint converter has its own designated condenser. 
The converter and condenser operate together as a unit during each step of the cycle. This 
arrangement is claimed to require fewer switching valves and less plot space, which reduces 
piping costs. Also, sulfur emissions to the atmosphere are minimized when the catalyst beds 
are purged prior to shutdown. 

Economics. As of 1993, there had been a total of 16 MCRC plants built, ranging in design 
capacity from 13 to 525 LT/day. The three-converter MCRC process is reported to recover 
up to 99.3% sulfur and the four-converter process up to 99.5%. The process licensor claims 
that the three- and four-converter MCRC plants respectively cost about 7 and 23% more than 
a conventional three-converter Claus plant. 

Direct Oxidation of H2S to Sulfur 

In conventional Claus process catalytic reactors, the gas stream approaches thermodynam- 
ic equilibrium with regard to reaction 8-3. The concentrdtions of H2S and SO2 progressively 
decrease as the process gases proceed through the Claus system; while simultaneously the 
concentration of water vapor increases. The concentration of sulfur vapor increases in each 
catalyst chamber, but is periodically reduced by condensation. Unfortunately, there is no 
simple technique for reducing the concentration of water vapor. As a result of both the effect 
of reacting gas composition and the requirement to maintain the temperature above the sulfur 
dew point, the conversion of H2S to elemental sulfur in a conventional Claw system is limit- 
ed to about 97%. 

The direct reactions of H2S with oxygen (equations 8-1 and 8-2) normally occur in the fur- 
nace of a Claus unit and are considered irreversible, Le., H 2 0  will not react with sulfur or 
SO2 to form H2S and free oxygen. Thus, if only reaction 8-1 can be made to occur, 100% 
conversion of H2S to sulfur would be theoretically possible. However, if the system is 
allowed to attain equilibrium, the products of reaction 8-1 will react with each other in accor- 
dance with equation 8-3 and the conversion to sulfur will be limited. 

In direct oxidation processes, an attempt is made to limit the gas phase reactions to 8-1 by 
the use of a special, highly selective oxidation catalyst and moderate temperatures. Since 
reaction 8-1 is highly exothermic, and excessive temperature can enhance unwanted side 
reactions, the technique is applicable only to dilute H2S-containing gas streams. However, 
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Claus plant tail gas is normally quite dilute, and more concentrated H2S streams can be made 
dilute by recycling product gas. When direct oxidation is used in conjunction with a conven- 
tional Claus plant it is necessary to assure that essentially all sulfur in the tail gas is in the 
form of H2S. This can be accomplished by operating the Claus system with slightly less than 
the stoichiometric amount of air or by providing a separate hydrogenationhydrolysis step to 
convert sulfur compounds to H2S before direct oxidation. Commercial direct oxidation 
processes include the Superclaus process offered by Comprimo, the Selectox process offered 
by Unocal/Parsons, Mobil’s MODOP process, and the previously discussed Catasulf 
process. 

Superclaus Process 

Introduction. The Superclaus process was jointly developed in the Netherlands by Compri- 
mo BV, VEG-Gasinstituut, and the University of Utrecht and has been described by Lagas et 
al. (1988A, B, 1989, 1994). The process was developed to increase the sulfur recovery capa- 
bilities of the Claus process by reducing its inherent thermodynamic limitations. The Super- 
claus process increases sulfur recovery by replacing the reversible Claus reaction (equation 
8-3) with the direct oxidation reaction between hydrogen sulfide and oxygen (equation 8-1), 
which is considered irreversible. This is accomplished through the use of a new catalyst in 
the last converter of the Claus unit. The catalyst consists of an alpha-alumina or silica sub- 
strate supporting iron and chromium oxides (Goar, et al., 1991). The catalyst is reported to 
be highly selective to direct hydrogen sulfide oxidation and will convert more than 85% of 
the H2S to elemental sulfur. Formation of sulfur dioxide is low, even in the presence of 
excess air, and there is little reverse Claus reaction reactivity due to the low sensitivity of the 
catalyst to water. There is also no oxidation of carbon monoxide and hydrogen and no for- 
mation of carbonyl sulfide or carbon disulfide. Two versions of the process have been devel- 
oped: the Superclaus 99 and Superclaus 99.5 processes. 

Process Description. The Superclaus 99 process, shown in Figure 8-23, consists of a con- 
ventional Clam plant thermal stage, followed by two or three converters charged with stm- 
dard Claus catalyst, and a final converter charged with the new Superclaus catalyst. Each 
converter is provided with an upstream reheater and an outlet sulfur condenser. The air for 
the oxidation of the hydrogen sulfide is supplied to two locations. The major portion is intro- 
duced into the reaction furnace burner, and the remainder is added to the process gas stream 
upstream of the Superclaus reactor. In the thermal stage, the acid gas is burned with a substo- 
ichiometric amount of air so that an excess of hydrogen sulfide remains in the gas leaving 
the last Claus converter, thus suppressing the sulfur dioxide concentration. The concentration 
of hydrogen sulfide is controlled at this point to 0.8-3.0 vol% typically. Maintaining the 
ratio of two moles of hydrogen sulfide to one mole of sulfur dioxide is no longer necessary, 
as the hydrogen sulfide remaining in the process gas is directly oxidized to sulfur over the 
Superclaus catalyst in the presence of excess air. The excess air affords the flexibility in 
process control required for acid gas feed flow rate and compositional changes. The sulfur 
produced at each conversion stage is condensed in the immediate downstream condenser. 
Carbonyl sulfide and carbon disulfide produced in the thermal stage must still be hydrolyzed 
in the first Clam converter, as they are unaffected by the new catalyst. 

In cases where substoichiometric combustion in the reaction furnace is not possible due 
to minimum flame temperature requirements, the 0.8-3.0% hydrogen sulfide concentration 
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Figure 8-23. Superclaus 99 and 99.5 processes (Lagas et a/., 1989. Reproduced with 
permission from Hydrocarbon Processing 

is maintained by routing a portion of the reaction furnace acid gas feed downstream of the 
first condenser. 

With one thermal stage and two catalytic Claw stages upstream of the Supexlaus selec- 
tive oxidation stage, an overall sulfur recovery of 99.08 is claimed for a rich feed gas. The 
process licensor reports that the capital cost of this configuration is approximately 5% 
greater than that of a typical three-stage Claus plant. With the addition of a further Claus 
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stage, a minimum overall sulfur recovery of 99.3% is claimed, at a capital cost about 15% 
greater than that of a typical three-stage Claus plant. Overall recoveries for the Superclaus 99 
process, however, are subject to the performance of the upstream Claus unit. 

The Superclaus 99.5 process introduces a hydrogenation stage between the last Claus 
reactor and the Superclaus reactor. As all sulfur values are converted to hydrogen sulfide in 
the hydrogenation reactor over a cobalt/molybdenum catalyst, there is no longer a require- 
ment to operate the Claw unit with excess hydrogen sulfide. The normal ratio of two moles 
of hydrogen sulfide to one mole of sulfur dioxide is required, but is less critical than for nor- 
mal Claus plant operation. 

In the Superclaus 99.5 process, the gas leaving the hydrogenation reactor is cooled to the 
optimum inlet temperature for the Superclaus catalyst. As this catalyst is not sensitive to 
water, there is no need to condense water by quenching, as is practiced in other selective oxi- 
dation tail gas processes. In the Superclaus 99.5 process, excess air for selective oxidation of 
the hydrogen sulfide is added just upstream of the Superclaus reactor. The final condenser 
recovers the sulfur formed in this stage. 

With a rich feed gas and two Claus catalytic stages, the Superclaus 99.5 process is claimed 
to be capable of a minimum overall sulfur recovery of 99.2%. The process licensor claims 
that this is obtained with a capital investment that is about 20% greater than that required for 
a typical three-stage Claus plant. A minimum overall sulfur recovery of 99.4% is claimed 
when three Claus reactors are included, for an investment reported to be about 30% greater 
than that for a typical three-stage Claw plant. 

The Superclaus process can be used in combination with other Claw process modifica- 
tions, such as Recycle Selectox and COPE, to achieve higher overall sulfur recovery, and 
with tail gas units such as BSWStretford and SCOT to save utility costs by reducing the sul- 
fur load. 

As of 1994, a total of 18 units were under license (Comprimo B.V., 1994). A typical 
Superclaus retrofit of a Claus unit is described by Nasato et al. (1991). 

Introducth. This process, which was developed by the Union Oil Company of California 
(now Unocal Corporation) and The Parsons Corp., utilizes a proprietary catalyst (Selectox 
33) for the oxidation of relatively low concentrations of hydrogen sulfide to elemental sulfur 
in a one-step operation. Three applications of the process are shown in Figure 8-24. 

In the BSWSelectox version, the process is used for hydrogen sulfide removal from Claus 
tail gas after hydrogenation in a BSR process hydrogenation section. (The BSR process is 
described in a subsequent section.) About 99.5% overall sulfur recovery, including the Claus 
unit, is attainable. Even higher recovery can be achieved if the effluent from the Selectox 
reactor is treated in a final Claus stage. 

The Once Through Selectox process is suitable for dilute acid gas streams containing up to 
about 5% HzS, such as geothermal offgas, while the Two Stage Selectox process with recy- 
cle can be used for gas streams containing more than 5% hydrogen sulfide. About 80% con- 
version of hydrogen sulfide to sulfur is reported for the Selectox reactor in these two ver- 
sions of the process (Beavon et al., 1980). 

The principal advantage of the Selectox process, if used in conjunction with the BSR 
process, is that substantial capital cost savings can be realized by replacing a Stretford sys- 
tem with a Selectox reactor. In addition, problems with liquid effluents are eliminated. The 
advantage of the other two versions of the process is that they are suitable for the treatment 
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Figure 8-24. Selectox applications. ( M a  Lana, 7973) 

of very dilute H2S containing gas streams which cannot be processed in conventional Claus 
units. The operation is reported to be simple and reliable and the conversion remarkably high 
(Beavon et al., 1980; Goar, 1982). 

Process Description. The process and its first commercial applications have been described 
by Beavon et al. (1979), Beavon et al. (1980), Hass et al. (1981, 1982), Goar (1982), Warner 
(1982), and Delaney et al. (1990). In the BSWSelectox process, which is shown schematically 
in Figure 8-25, the Claus tail gas passes first through the hydrogenation reactor and a two- 
stage cooling step, where a substantial portion of the water vapor contained in the gas is con- 
densed. After addition of a carefully controlled amount of air to the cooled gas, it enters the 
Selectox reactor where hydrogen sulfide is catalytically oxidized according to reaction 8- 1. 

The effluent from the reactor is cooled and sulfur is condensed. When required, the cooled 
gas may be further processed in a final Claus stage. The gas leaving the final condenser is 
incinerated either thermally or catalytically before discharge to the atmosphere. Typical gas 
composition changes in the course of the process are shown in Table 8-4. 

Inspection of Table 8-4 shows that the Claus plant tail gas typically contains 30-35% water 
vapor. Although the selective oxidation reaction (8-1) is not reversible, its products (H20 and 
S) can react by the reverse of reaction 8-3 to reduce the net conversion to sulfur. Since the 
reverse reaction is favored by the presence of water vapor, reducing the water vapor concen- 
tration in the gas from 30 to 35% to 1.5 to 4% by cooling aids in obtaining a high conversion. 
About 80-90% of the H2S entering the Selectox reactor is converted to sulfur, the conversion 
being limited primarily by the increase in temperature due to the heat of reaction. 

The Selectox 33 catalyst is reported to be highly selective for the oxidation of hydrogen 
sulfide to sulfur, without formation of SO3 and without oxidation of either hydrogen or of 
saturated hydrocarbons. It is claimed to be highly active and stable and to retain its activity 
over long periods of time without regeneration, when operating at temperatures similar to 
those encountered in Claus reactors (Beavon et al., 1979; 1980). 

The first commercial BSWSelectox plant started operations in 1978 and reportedly is 
attaining consistent overall recovery efficiencies of 98.5 to 99.5%, even though the preced- 
ing Claus unit recovery efficiency varies between 93 to 96%. 
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Figure 8-25. BSWSelectox process for Clam plant emission control. ( B e a m  eta/., 198q 

The Once Through Selectox Process consists of the Selectox reactor and sulfur condenser 
shown in Figure 8-23. The allowable concentration of hydrogen sulfide in the gas stream to 
be treated is limited by the fact that the entire heat of reaction is liberated in the reactor, 
resulting in excessively high temperature levels if the H2S concentration exceeds about 5%. 
At the 5% level, the reactor outlet temperature is about 700"F, which is considered accept- 
able (Beavon et al., 1980). 

The Two Stage Selectox Process with Recycle, which is reportedly suitable for the treat- 
ment of gas streams containing up to 40% H2S (Beavon et al., 1980), is shown schematically 
in Figure 8-26. To overcome the temperature effect due to heat of reaction, a portion of the 
effluent from the first sulfur condenser is recycled and mixed with the feed gas to the Selectox 
reactor. In this manner the H2S concentration in the feed is adjusted to about 5%. The remain- 
ing portion of the gas leaving the first sulfur condenser flows to a Claus stage using either alu- 
mina or Selectox catalyst. About 82% of the hydrogen sulfide in the feed is recovered as sul- 
fur after the Selectox reactor and an additional 12% is recovered after the Claus stage. 

In 1994 it was reported that more than 10 Recycle Selectox Plants were in operation (Uno- 
cal Science Div. and the Parsons Corp., 1994). The commercial operation of a Recycle 
Selectox plant has been described by G o a  (1982) and Delaney et al. (1990). This unit is 
reported to recover about 20 LTPD of sulfur from an acid gas stream containing 13% H2S 
(balance mostly COz) with a sulfur recovery efficiency of better than 95.0%. 

Further variations of the Selectox process, including packaged units and three-stage units 
with recycle, have been reported by Hass et al. (1981). 

MODOP Process 

Introduction. A process similar to the Selectox process, the Mobil Oil Direct Oxidation 
Process (MODOP), has been developed by Mobil Oil AG of Celle, Germany, the German 



Table 8-4 
Gas Composition Changes in BSR/Selectox Process 

Claus After After After After Final After 
Component Unit Tail Gas Hydrogenation Cooling BSWSelectox Claus Incineration 

~ 

H2S ppmv 4,OOO-10,OOO 10,OOO-15,OOO 12,000-20,000 2,000-3,OOO 400-600 *1 

cos ppmv 300-5,OOO 10-30 15-40 15-40 15-40 *I 
cs2 ppmv 300-5,OOO *O *O *O *O *O 
st ppmv 700-1,oOO *O *O 700-800 700-800 *1 
H2 vol % 1-3 2-3 3 4  2-3 2-3 0 
co vol % 0.5-1 *O *O  *O *O  0 
co2 vol % 1-15 1-15 1-20 1-20 1-20 1-15 
H20 vol % 30-35 3&35 1 S-4 3-6 3-6 8-12 

so2 ppmv 3,OoO-6,000 *O *O 1 ,000-1,500 200-300 1,000-1,500 

N2 vol % 60-70 80-90 80-90 80-90 80-90 80-90 
Cumulative 
percent of 
Claus feed 
recovered 93-96 93-96 93-96 98.5-99 99.4-99.6 99.4-99.6 
*Approximate. 

Reprinted with permission from Oil and Gas Journal, March 12, 1979, Copyright Penn Well Publishing Company 
Source: Beavon et al. (1979) 

 AS SI. 
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Figure 8-26. Two-stage Selectox process with recycle. (Beavon et al., 1980) 

affiliate of the Mobil Oil Corporation. The MODOP process recovers hydrogen sulfide from 
Claus plant tail gas and amine regenerator offgas streams. This process also directly converts 
hydrogen sulfide to elemental sulfur via the catalytic reaction of equation 8- 1. The reaction 
occurs over a commercially available titanium dioxide (Ti02) based catalyst. Suitable feed 
concentrations range from 0.5 to 8% H2S. One to three reactor stages may be employed 
depending on the feedstock H2S concentration and the required overall sulfur recovery. 

Process Description. The process configuration for a typical MODOP process for Claw 
tail gas clean-up is shown in Figure 8-27. The tail gas is first heated in a reducing gas gener- 
ator to about 280"C, then the sulfur components of the tail gas are catalytically converted to 
hydrogen sulfide in a hydrogenation stage. The gas is then cooled in three stages, initially to 
recover heat and finally to condense water in the quench column. After the addition of air, 
the hydrogen sulfide is converted to sulfur by direct oxidation over a TiOa catalyst at a tem- 
perature above 160°C. About 90% of the H2S is converted to elemental sulfur, which is 
recovered as a liquid on cooling the gas in a condenser (Mobil, 1994). If a higher recovery is 
required, additional oxidation stages may be added as indicated in the figure. The vent gas 
leaving the final condenser is incinerated before it is released to the stack. 

Although the selective oxidation reaction (8-1) is not reversible, the products of reaction 
8-1 (S and H20)  can react by the reverse of reaction 8-3 to reduce overall sulfur recovery. 
Therefore, in the MODOP process, water is removed from the gas stream in the quench 
tower to improve the conversion of hydrogen sulfide to sulfur. Conversion can be further 
increased by removal of additional water in a glycol dehydration tower after the quenching 
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Figure 8-27. Schematic flow diagram of the MODOP process applied to Claus plant tail- 
gas treatment (Kettner and Liermann, 1988). Reprinted with permission from Oil & Gas 
Journal, Jan. 1 1, 1988, copyright Penn Well Publishing Co. 

stage. Water recovered from the dehydration of the gas stream may be treated in a sour water 
stripper and used as boiler feed water make-up. 

When treating Claus unit tail gas, the process is capable of overall sulfur recoveries of up 
to 99.6% The number of reactors included is dependent on the feed gas concentration and the 
required sulfur recovery. Catalyst selectivity is maximized at a MODOP reactor outlet tem- 
peratures of 250"-270°C (482"-5 18°F). As the oxidation reaction is highly exothermic, 
additional stages must be employed to limit the reactor outlet temperature to below 320°C 
(608'F) at high concentrations of H2S in the feed gas. 

The MODOP process may be used to directly treat low hydrogen sulfide content amine 
regenerator off gas. In this application, the hydrogenation and quench equipment are general- 
ly not required due to the absence of non-HzS sulfur species and the low water content of the 
feed gas. 

The first MODOP unit was commissioned at the Norddeutsche Erdgas Aufbereitungs- 
Gesellschaft (NEAG) gas processing plant at Voigten, Germany, in 1983. A second unit was 
installed at the same plant in 1987, and a third MODOP unit was started up in 1991 in 
Mobile, Alabama (Mobil, 1994). The commercial operation of the MODOP process has been 
described by Kettner and Liermann (1988) and Kettner et al. (1988). 
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BASF Catasulf Process 

The BASF Catasulf process is a direct oxidation sulfur removal process that uses an 
isothermal reactor for heat removal. See the prior discussion in this chapter under the 
Isothermal Reactor Concepts section for more information. 

Sulfur Dioxide Reduction and Recovery of HS 
Although a well designed Claus plant is capable of converting as high as 97% of the 

hydrogen sulfide in the feed gas to elemental sulfur, the tail gas from such a unit contains 
sufficiently high concentrations of sulfur compounds to require further treatment to satisfy 
air pollution control requirements in many jurisdictions. The sulfur compounds that represent 
the remaining 3% or more of the feed sulfur are in the form of hydrogen sulfide, sulfur diox- 
ide, carbonyl sulfide, carbon disulfide, and elemental sulfur vapor. Since no simple process 
exists that can remove all of those components simultaneously, techniques have been consid- 
ered to convert the various forms of sulfur to a single compound that can be removed effec- 
tively. The obvious choices are complete oxidation to SO2 and complete reduction (andor 
hydrolysis) to HzS. 

Several processes have been developed based on the oxidation approach, but, with some 
exceptions, such as the Linde Clintox process (Heisel and Marold, 1992) these have not been 
commercial successes because of the complexity of SOz recovery processes and their com- 
paratively low SO2 removal efficiencies. Hydrogen sulfide, on the other hand, can be 
removed at very high efficiency by a number of processes, including the selective amine 
processes discussed in Chapter 2. Processes that involve the conversion of Claus plant tail 
gas sulfur compounds to H2S and the removal of this H2S are discussed in the following sec- 
tions. Processes reviewed include Parson’s Beavon Sulfur Removal (BSR) process, Shell’s 
SCOT process, FB and D Technologies’ Sulften process, the TPA Resulf process, and the 
Exxon Flexsorb SE Plus process. 

Beavon Sulfur Removal (BSR) Process 

Introduction. The Beavon Sulfur Removal (BSR) process, as reported by Beavon and King 
(1970) and Beavon and Vaell(1971), is capable of reducing the total sulfur content of Claus 
unit tail gases to less than 250 ppm by volume (calculated as sulfur dioxide) and thus of 
attaining an overall conversion of more than 99.9% of the hydrogen sulfide fed to the Claus 
unit. The residual sulfur compounds from the Beavon process consist almost entirely of car- 
bonyl sulfide, with only traces of carbon disulfide and hydrogen sulfide. The effluent gas is 
practically odorless and can often be vented directly to the atmosphere, obviating the need 
for incineration and the attendant consumption of fuel. 

The Beavon Sulfur Removal (BSR) process was developed jointly by the Parsons Corp. of 
Pasadena, California, and the Union Oil Company of California (now Unocal Corporation of 
Los Angeles, California). The term Beavon process refers to a p u p  of processes utilized for 
the removal of residual sulfur compounds from Claus plant tail gases. This family of 
processes has in common an initial hydrogenation and hydrolysis unit to convert all residual 
sulfur compounds to H2S. Individual processes within this family differ from each other in 
the technology used to remove the H2S from the Claus tail gas stream. Process improve- 
ments and operating experience have been reported by Andrews and Kouzel (1974), Fenton 
et al. (1973, Beavon and Brocoff (1976), and Kouzel et al. (1977). 
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In the Beavon Sulfur Removal Process, all sulfur compounds (other than hydrogen sul- 
fide) contained in the tail gas are catalytically converted to hydrogen sulfide, which is subse- 
quently removed by any convenient method. If complete removal of hydrogen sulfide is 
required, chemical absorption in a methyldiethanolamine solution (BSlUMDEA Process), or 
oxidation to sulfur in the liquid phase by a redox solution (BSWStretford and BSRlLTnisulf 
Processes), may be used. However, if partial removal is adequate, the effluent from the cat- 
alytic hydrogenation reactor may be treated, after cooling and condensation of the bulk of 
the water, either in a final Claus reactor or in a Selectox reactor (BSWSelectox Process), 
which may be followed by a Claus reactor (see previous Selectox section). The overall con- 
versions attainable by these two versions of the process range from 98 to more than 99%. In 
1994, it was reported that more than 19 Beavon-MDEA plants were operating in the U.S. 
and Japan, and 2 Beavon-Selectox plants were operating in the U.S. and Germany (Unocal 
Science and Technology Div. and the Ralph M. Parsons Co., 1994). 

Process Description. The Beavon process H2S conversion step is carried out at elevated tem- 
peratures over a cobalt-molybdate catalyst and involves hydrogenation and hydrolysis of sul- 
fur compounds according to equations 8-10 through 8-15. 

Hydrogenation reactions (in the presence of hydrogen gas): 

CS2 + 2H2 = C + H2S 

COS + H2 = CO + H2S 

SZ + 2Hz 2H2S 

(8-10) 

(8-1 1) 

(8-12) 

(8-13) 

Hydrolysis reactions (in the presence of water vapor): 

CS2 + 2H20 = COZ + 2H2S (8-14) 

COS + H20 = C02 + H2S (8-15) 

Although it is probable that carbonyl sulfide and carbon disulfide are converted to H2S 
primarily by hydrolysis, especially since the tail gas contains about 30% water vapor, it is 
conceivable that hydrogenation also takes place, although to a minor extent. 

A schematic flow diagram of the process is presented in Figure 8-28. In this version of 
the process, the hydrogen sulfide formed in the catalytic step is removed by the Stretford or 
Unisulf process (see Chapter 9), both of which have been demonstrated to be very effective 
for reducing the hydrogen sulfide content of the hydrogenated gas to less than 10 ppm. A 
photograph of a BSR process plant incorporating a Stretford unit for H2S removal is shown 
in Figure 8-29. 

By following the flow diagram, it is seen that the Claus plant tail gas is first heated to the tern 
perature required for the catalytic reaction by adding a hot stream of gas resulting from partial 
combustion of hydrocarbon gas in a line bumer. This gas not only supplies the necessary heat, 
but also enough hydrogen to satisfy the hydrogen demand for the hydrogenation reactions. 
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Figure 8-28. Typical process flow diagram-f3eavon sulfur removal process using 
Stretford process for HS removal. 

After passing through the reactor, the gas is cooled to ambient temperature by direct con- 
tact with water. For better heat economy, especially in larger installations, a steam generator 
may be placed ahead of the direct contact water cooler. The cooled gas, which contains pri- 
marily nitrogen, carbon dioxide, hydrogen sulfide, and traces of carbonyl sulfide, is then 
treated for hydrogen sulfide removal in the Stretford unit. The water condensed from the gas 
in the direct contact cooler is stripped of hydrogen sulfide in a sour water stripper and then 
discarded. The stripped hydrogen sulfide is either fed to the hydrogen sulfide removal sec- 
tion or, when permissible, incinerated. 

Economics. Typical results from plant operations and utility costs for a BSWStretford plant 
processing tail gas from a 100 long tons per day Claus unit are shown in Table 8-5. 

Use of an aqueous methyldiethanolamine (MDEA) solution as a selective solvent (see 
Chapter 2) for hydrogen sulfide removal in tail gas cleanup has been described by Meissner 
(1983). With this solvent an overall conversion, including the Claus unit, of 99.9% of the 
H2S fed to the Claus unit is attainable. However, the treated gas contains some residual H2S, 
which may require incineration before discharge to the atmosphere. 

Shell Clam Off-Gas Treating (SCOV Process 

Introduction. The SCOT process, which was developed by Shell International Petroleum 
Maatschappij, The Hague, The Netherlands, is similar in basic principle to the Beavon Sulfur 
RemovaVMDEA Process. It also relies on catalytic conversion of sulfur compounds, other 
than hydrogen sulfide, contained in the Claus tail gas to hydrogen sulfide, which is then 
selectively absorbed in an alkanolamine solution with only partial absorption of carbon diox- 
ide. The acid gas is stripped from the amine solution and recycled to the Claus unit. 
Although it is reported that the process is capable of producing a purified gas stream contain- 
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Component 

HzS, ppmv 
SOZ, ppmv 
COS, ppmv 
CSZ, ppmv 

Table 8-5 
Beavon Sulfur Removal procesS--Typical plant Operating Results 

and Utilities Costs 

Claus Unit Gas From 
Tail Gas Stretf'ord Absorber 

3,000-6,OOO 1 
1,500-3,OOO Not Detectable 
200-3,300 30-100 
200-3,300 9-20 

ing 10 to 400 ppmv of total sulfur using MDEA or DIPA as the absorbent (measured as sul- 
fur dioxide after incineration), there is usually enough hydrogen sulfide left in the effluent 
from the amine absorber to require incineration before venting to the atmosphere. The 
process has been described, and operating experience has been reported by Groenendaal and 
Van Meurs (1972), Naber et al. (1973), and Harvey and Verloop (1976). 

Process Description. A schematic flow diagram of the process is shown in Figure 8-30. 
The flow of gas and liquids in the process is quite similar to that of the Beavon Sulfur 
RemovalMDEA process. The Claus tail gas is f i s t  heated in a line gas heater that may have 
the additional purpose of supplying the reducing gas required in the subsequent catalytic 
step. However, reducing gas may also be furnished from an outside source. The hot gas then 
flows to the reactor where reduction of sulfur compounds occurs over a cobalt-molybdenum 
or cobalt-nickel catalyst at about 300°C (572OF). The effluent from the reactor is subsequent- 
ly cooled in two steps, first in a waste heat boiler where low pressure steam is produced, and 
then by water washing in a cooling tower. In this step, most of the water vapor contained in 
the gas is condensed. Excess water from the cooling tower, which contains a small amount 
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Figure 8-29. Beavon sulfur removal process plant. Courtesy The Parsons Cop. 

of hydrogen sulfide, is treated in a sour water stripper where hydrogen sulfide is expelled 
and returned to the Claus unit. 

After cooling, the gas enters the amine absorber where essentially all of the hydrogen sul- 
fide is removed, but only a portion of the carbon dioxide is coabsorbed. The rich amine solu- 
tion is stripped of acid gas in the regenerator by application of indirect heat supplied by a 
steam heated reboiler, and the acid gas is returned to the Claus unit. This portion of the 
process is quite similar to the conventional selective ethanolamine processes discussed in 
Chapter 2. 

Selective absorption is based on the fact that the rate of absorption of hydrogen sulfide in 
alkanolamines is substantially more rapid than that of carbon dioxide. This phenomenon is 
more pronounced with secondary and tertiary amines than with primary amines (see Chapter 
2). Consequently, appreciable selectivity may be attainable by proper selection of the amine 
and by designing the absorber for short gas and amine solution contact times. Depending on 
gas composition, choice of amine, and absorber design, co-absorption of carbon dioxide can 
be limited to about 10 to 40% of the carbon dioxide contained in the absorber feed gas 
(Naber et al., 1973). In most applications, methyldiethanolamine (MDEA) is the preferred 
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Figure 8-30. Schematic flow diagram-SCOT process. 

solvent; however, diisopropanolamine (DIPA), which is less selective, was used in the first 
SCOT units (Harvey and Verloop, 1976). 

The SCOT process is reported to be quite flexible and not very sensitive to upsets in the 
upstream Claus unit. Relatively wide variations in the H2S/SQ ratio in the Claw plant, as well 
as fluctuations in the feed gas volume, can be tolerated in a properly designed SCOT unit. 

A SCOT unit can be integrated with the desulfurization unit supplying the acid gas to the 
Claw plant by using the same amine, for example DPA, in both the desulfurization and the 
SCOT unit, and stripping the combined rich solutions from the two absorbers in a single 
regenerator. This scheme is best applied in petroleum refineries where the A D P  process, 
employing DIPA as the active agent, is used for refinery gas desulfurization. 

One rather important advantage of the SCOT process is the absence of liquid effluents that 
could cause pollution problems. Possible disadvantages are the use of appreciable amounts 
of energy for amine regeneration and fuel for reducing gas production and purified gas incin- 
eration, and the recycle of hydrogen sulfide which results in an increase of about 7-8% in 
the required capacity of the Claus unit (Naber et al., 1973). 

Economics. Capital costs for SCOT units as reported by Harvey and Verloop (1976) are 
about the same as those for the preceding Claus unit if the SCOT unit is added to an existing 
Claus unit. The overall costs are lower if a common amine regenerator is used for the desul- 
furization and SCOT units, or for a grassroots ClaudSCOT installation, where a third Claus 
catalyst bed may be omitted at the expense of a slightly larger SCOT unit. Further savings 
are possible by cascading amine solution partially loaded with acid gas from the SCOT unit 
to the higher pressure absorbers in the desulfurization unit (Wallace and Flynn, 1983). Oper- 
ating costs reported by Harvey and Verloop (1976) are about $16 per long ton of sulfur pro- 
duced in the SCOT plant. In 1994, it was reported that 130 SCOT units were in design or 
operation worldwide on sulfur plants ranging in size from 3 to 2,100 tpd sulfur capacity 
(Shell International Research Mij B.V. and Shell Oil Co., 1994). 

Design and operation of a rather large SCOT unit have been described by Herfkens 
(1982). This unit treats tail gas from two Claus units with a combined capacity of 1,225 tons 
of sulfur per day and a required overall recovery of 98.5%. Aqueous MDEA is used for H2S 
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removal after hydrogenation, and the acid gas is recycled to the Claus units. The MDEA unit 
produces a treated tail gas containing less than 500 ppmv of H2S with only about 10% of the 
COz being coabsorbed. 

Sulften Process 

The Sulften process was jointly developed by FB&D Technologies (formerly Ford, Bacon 
& Davis, Inc.) of Salt Lake City, Utah, and Union Carbide Corporation of Tarrytown, New 
York. The process is similar to the BSR/MDEA and SCOT processes, relying on catalytic 
hydrolysis and hydrogenation of sulfur compounds (other than hydrogen sulfide) in the 
Claus unit tail gas to hydrogen sulfide and subsequent recovery of the HzS by a selective 
amine. The Sulften process is unique, however, in that the reaction vessel is divided into two 
separate sections containing distinct catalysts. The first compartment contains a hydrolysis 
reactor bed to convert carbon disulfide and carbonyl sulfide to HzS and carbon dioxide via 
reactions 8- I O  and 8- 1 1. The second compartment contains a conventional hydrogenation 
catalyst to convert sulfur dioxide and elemental sulfur to HzS via reactions 8-12 and 8-13. 
The reducing gas required for the reaction may be supplied either from an external source or 
by the substoichiometric combustion of fuel gas in the in-line gas preheater. 

The Sulften solvent is a specially formulated, proprietary, MDEA solution offered by 
Union Carbide, known as UCARSOL HS-103, with a high H2S removal efficiency. The 
treated gas has a composition of less than 10 ppmv by volume H2S, which in many jurisdic- 
tions eliminates the need for vent gas incineration to comply with environmental regulations, 
resulting in significant savings of fuel gas. The chemistry of highly selective solvents, such 
as UCARSOL HS-103, is discussed in Chapter 2. As of 1991, there were eight Sulften units 
in operation with capacities from 7 to 300 tons per day of sulfur feed to the Claus unit. The 
commercial operation of a Sulften unit has been described by Tragitt et al. (1986) and Kroop 
et al. (1985). 

Resulf Process 

The Resulf process, which is licensed by TPA, Inc., is very similar to the BSIUMDEA, 
SCOT, and Sulften processes. The Claus plant tail gas is heated; mixed with a reducing gas; 
passed through a catalyst bed where sulfur vapor, SOz, COS, and CSz are converted to HzS; 
cooled; and passed through a selective amine absorber. Acid gas from the amine stripper is 
recycled to the Claus plant. It is claimed that a high efficiency version of the process, Resulf- 
10, produces a vent gas from the amine absorber containing a maximum of I O  ppm HzS 
(TPA Inc., 1994). 

Exxon Flexsorb SE Plus Process 

While other amine-based selective tail gas treating processes utilize MDEA, Exxon’s 
Flexsorb SE Plus tail gas treating process is based on sterically hindered amines. Sterically 
hindered amines are more selective than MDEA and, in tail gas treating applications, recycle 
less C 0 2  back to the Claus plant. Also, sterically hindered amines require less amine circula- 
tion for a given level of HIS removal than comparable MDEA-based units, and therefore 
have lower utilities consumption. This advantage is somewhat offset by a higher amine sol- 
vent cost. The treated gas from a Flexsorb SE Plus unit contains less than 10 ppmv HIS, 
which in many jurisdictions eliminates the need for tail gas incineration, resulting in signifi- 
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cant fuel gas savings. The Flexsorb processes have been described in some detail by Goid- 
stein (1983), Weinberg et al. (1983). and Chludzinski et al. (1986). 
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INTRODUCTION 

In the mid-nineteenth century, dry iron oxide boxes replaced aqueous calcium hydroxide 
scrubbers for the removal of sulfur compounds from sour gas streams. Although the new dry 
method was superior to the prior technology, the process had some inherent disadvantages. 
The main drawbacks of the dry purification process were (1) large ground-space require- 
ments, (2) high labor costs, and (3) production of low quality sulfur. Through the beginning 
of this century, the search for more efficient methods for hydrogen sulfide removal from 
industrial gases continued, and quite naturally turned to purification methods employing liq- 
uids in regenerative cycles capable of yielding pure elemental sulfur. 

Processes based on the absorption and oxidation of hydrogen sulfide to elemental sulfur in 
a liquid system have the advantage over absorption-stripping cycles of selectivity for hydro- 
gen sulfide in the presence of carbon dioxide. A high ratio of carbon dioxide to hydrogen 
sulfide in the feed gas to a typical absorption-stripping type process (e.g., ethanolamine) can 
result in an acid gas stream that is difficult to process in a Claus plant. Potential drawbacks 
of liquid phase oxidation processes are the relatively low capacities of the solutions for 
hydrogen sulfide and oxygen which can result in large liquid flow rates, the difficulty of sep- 
arating precipitated sulfur from the liquid mixture, and the requirement to dissipate the heat 
of hydrogen sulfide oxidation at a low temperature level rather than at a level suitable for the 
generation of steam as in the Claus process. 

Since most of the early gas purification work was related to the processing of manufac- 
tured and coke-oven gas streams, which contain ammonia as well as hydrogen sulfide, 
attempts were made to develop combination processes that would remove both impurities 
while producing marketable products such as ammonium sulfate and elemental sulfur. The 
first processes of this type were based on a recirculating solution of ammonium polythionate. 
They proved technically feasible, but quite complex, and were not commercially successful. 

Another logical step in the development of continuous hydrogen sulfide removal process- 
es was the utilization of the well-known iron oxide dry box chemistry in a liquid form. This 
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involved the use of a slurry of iron oxide particles in a mildly alkaline aqueous solution. Sev- 
eral processes of this type were developed in Europe and the United States beginning with 
the pioneering work of Burkheiser shortly before World War I and ending with the once 
widely used Ferrox process. 

The next developmental stage involved the use of more complex inorganic molecules, 
such as iron-cyanide radicals and thio-arsenates, which exist in more than one form and 
change from one form to another as they react sequentially with hydrogen sulfide and oxy- 
gen. The iron-cyanide systems proved to be somewhat unwieldy; however, the arsenic-based 
methods were quite effective, and led to the rapid commercial development of the Thylox 
process just before World War 11, and the Giammarco-Vetrocoke process in the 1950s. In 
recent years, the arsenic based systems have lost market acceptance because of mounting 
concern about the toxicity of the scrubbing liquor. 

Processes using quinones in a redox cycle for H2S removal were introduced in the 1950s. 
The Stretford process, which combined a quinone with vanadium salts in the absorbent solu- 
tion, proved highly successful, and was the dominant process of this type during the 1970s. 

In the mid-I970s, another major development took place. Single catalyst systems based on 
chelated iron were introduced in the marketplace. Although the basic technology behind these 
processes has been well known for many years, progress in the suppression of catalyst degrada- 
tion in iron-based systems, coupled with environmental concerns about the presence of vanadi- 
um in the blowdown of Stretford plants, have recently made iron chelate based processes like 
LO-CAT and SulFerox strong contenders in the hydrogen sulfide removal market. 

Processes using sulfur dioxide as oxidant instead of molecular oxygen, several of which 
were developed in the 1960s, have not become a factor in either natural gas or geothermal 
applications. With the exception of the IFF' Clauspol process, which was tailored to Claus 
tail gas applications, none of these methods has been commercially successful. 

In this chapter, most of the liquid redox processes that have attained commercial status for 
desulfurization of sour gas arc reviewed. The processes have been divided into several major 
groups based on solution chemistry. The major groups and specific processes in each group, 
which are described in this chapter, are listed in Table $1. The process descriptions follow 
the organization of this table. 

The polythionate, iron oxide, and iron-cyanide processes are primarily of historical inter- 
est and only an abridged discussion of the technology is given. Thioarsenate processes are 
covered in somewhat greater detail because of the relative importance of these processes in 
the past. Special attention is given to the quinone andor vanadium and the iron-chelate 
processes because they include contemporary processes of major commercial significance. 
Finally, the sulfur dioxide and miscellaneous processes, which are of lesser importance, are 
included for their technical interest. 

PROCESSES OF HISTORICAL INTEREST 

The liquid redox gas desulfurization processes grouped in this section are selected mainly 
for their historical value. They comprise three separate broad categories and are differentiat- 
ed by the scrubbing solution chemistry. These process categories are 1) polythionate solu- 
tions, 2) iron oxide suspensions, and 3) iron cyanide solutions. Of the three types, only the 
iron oxide suspension processes were used extensively at one time. Except in very rare cases, 
most of these plants have since been shut down and replaced with more modem gas desulfu- 
rization units. 
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Iron-c y anide 

Table 9-1 
categorization and Commercial Status of liquid Phase Oxidation Pmesses for 

Fischer FischerMueller 
Staatsmijnen-Otto 
Autopurification 

Hydrogm Sulfide Removal 

Perox 
Takaha 
stretford 
Hiperion 
Sulfolin 
Unisulf 
Cataban 
LO-CAT 

Sulfmt 
SulFerox 

Polythionate Koppers C.A.S. 

Gluud Gluud 
Burkheiser Burkheiser 
Manchester Manchester Gas 

h P P  Koppers 
Tokyo Gas Co., LTD 
NicklidBritish Gas 
HasebeRJltrasy stems 
WeberRhde AG 
Unocal 
Rhodia Inc. 
U.S. Filter 

Integral Eng. 
Shell/Dow Chemical 

Engineered Systems 

Sulfur dioxide 

Misc. oxidizer 

I 2 z c o - V e t r o c o l c e  
Thioarsenate 

Townsend Steams-Roger 

Wiewiorowski Freeport Sulfur 
UCBSRP UCB 
Fumaks Sumitomo Metals 

Cuprosol EIC Corp. 

IFP Clauspol1500 IFP 

Konox sankyo 

Naphtho-quinones 
and/or vanadium 

Iron-chelate 

Date* 

1945 
1926 
1927 
1953 
1953 
1931 
1945 
1945 
1929 
1955 

1950 
1964 
1963 
1986 
1985 
1981 
1972 

1978 
1980 
1986 
1965 
1969 
1969 
1986 
1970 
1975 
1980 

status 

I 
C 
I 
I 
I 

I 
C 

I 

A 
A 
A 
1 
A 
I 
I 

* = Date denotes the approximate year the process was either commercialized or described in 
the literature. 

Polythionate Solutions 
The early development of liquid oxidation processes using polythionate solutions for the 

removal of hydrogen sulfide from gases derived from coal is to a large extent identified with 
the work of Feld in Germany. Feld started his studies before the outbreak of World War I, 
and his principal aim was to devise a process by which hydrogen sulfide and ammonia could 
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be removed simultaneously from coal gas and subsequently converted to ammonium sulfate 
and elemental sulfur. The chemical basis for this type of process can be illustrated schemati- 
cally by either one of the following overall equations depending on whether oxygen or sulfur 
dioxide is used to oxidize ammonium sulfide to ammonium sulfate: 

(NH&S + 2S02  = (NH4)*S04 + 2s (9-2) 

It should be observed that the simplicity of these two equations is very misleading, as the 
actual process chemistry is quite complex, with a large number of reaction pathways possible 
within each system. 

The cyclic redox process proposed by Feld involves the absorption of hydrogen sulfide 
and ammonia in aqueous solutions containing a mixture of ammonium tri- and tetrathionate, 
together with a small amount of ammonium sulfite. Most of the H2S and NH3 are converted 
to ammonium thiosulfate, ammonium sulfide, and sulfur. The spent solution is regenerated 
by addition of sulfur dioxide, which reacts with the ammonium thiosulfate forming again tri- 
and tetrathionate plus ammonium sulfate. The regenerated solution, which gradually accu- 
mulates an increasing concentration of ammonium thiosulfate and ammonium sulfate, is 
recycled for further absorption of hydrogen sulfide and ammonia. When the thiosulfate con- 
centration reaches 30 to 458, it is oxidized once more with SO2 to regenerate the polythion- 
ates, and then heated. The polythionates are converted to ammonium sulfate, SO2. and ele- 
mental sulfur. Unconverted thiosulfate remaining in the solution reacts with polythionate and 
is decomposed into ammonium sulfate and elemental sulfur. 

A great deal of difficulty was encountered with this process primarily because of the 
numerous chemical reactions involved. Proper functioning was not only dependent on the 
concentration ratio between HIS and NH3, but also on the maintenance of close temperature 
control because of the complicated solubility relationships of the various salts present in the 
system. Feld also experimented with solutions containing zinc and iron polythionates, and 
later Terres et al. (1954) and Terres (1953) described a process using manganese polythion- 
ates and manganese sulfate. The complicated chemistry of the various polythionate processes 
has been described in some detail by Terres (1953). 

Other processes based on the original work of Feld are the Gluud combination process and 
the Koppers C.A.S. process described by Gollmar (1945). In the Gluud combination process 
(not to be confused with the Gluud iron oxide process), the hydrogen cyanide-free gas is 
washed with a solution containing a mixture of thio-compounds and iron sulfate. The spent 
solution is first saturated with sulfur dioxide and then aerated in a tall tower where the 
hydrosulfides and the sulfites are converted to thiosulfates, which are then used for further 
absorption of hydrogen sulfide. During the cyclic operation, thiosulfates accumulate, and a 
portion of the solution is withdrawn continuously for conversion of the thiosulfates to 
ammonium sulfate and elemental sulfur. 

In the Koppers C.A.S. process-symbolizing cyanogen, ammonia, sulfur-the hydrogen 
cyanide is first removed with a recirculating solution containing ammonia and elemental sul- 
fur, with the formation of ammonium thiocyanate. Hydrogen sulfide and ammonia are then 
removed from the gas by contact with a solution containing ammonium polythionate, ammo- 
nium sulfite, ammonium thiosulfate, and some iron compounds. This solution is circulated in 
four towers operated in series, and ammonia is injected into the solution at various points of 
the system to obtain complete H2S removal. 
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Ammonium sulfate and elemental sulfur are produced during solution regeneration. To 
regenerate the solution, a portion of the solution is withdrawn from all four towers and divid- 
ed into three parts. One part is regenerated by aeration during which iron sulfide and ammo- 
nium hydrosulfide oxidize to form elemental sulfur. The second part is treated with sulfur 
dioxide, and the sulfur formed is recovered by filtration. The third part is also treated with 
sulfur dioxide, having first been decanted from the solids. The resulting liquid is then com- 
bined with the filtrate from the second part of the solution and heated under pressure at 
350°F. In this step the thiocyanate and the other thio-compounds are converted to ammonium 
sulfate and elemental sulfur. 

Over time, many variations of polythionate processes were developed and tried in Europe., 
but for the most part these processes remained impractical in commercial operation. An 
excellent review of polythionate processes is presented by Hill (1945). 

Iron Oxide Suspensions 
A logical step in the development of processes employing liquids in regenerative cycles 

was the utilization of the reaction between iron oxide and hydrogen sulfide followed by con- 
version of iron sulfide to iron oxide and elemental sulfur. Several processes using iron oxide 
suspended in alkaline aqueous solutions were developed in Europe and the United States, 
beginning with the work of Burkheiser shortly before the first world war. During the 1920s. 
the Ferrox process was introduced by the Koppers Company of Pittsburgh, Pennsylvania, and 
an almost identical process was disclosed by Gluud in Germany. Later, a modification of the 
Ferrox process was developed in England and became known as the Manchester process. The 
Burkheiser process was not used extensively on a commercial scale because of problems 
with the ammonia removal cycle. Numerous Ferrox plants were built in the United States, 
but almost all have been replaced by installations using more efficient processes. The Gluud 
process was still sparingly used in Europe in the 1980s. The Manchester process, which for a 
while enjoyed some popularity in Great Britain, has been generally replaced by the more 
efficient Stretford process, discussed later in this chapter. 

In addition to iron oxide, other metals oxides were tried. Nickel, in particular, proved to be 
an active agent for hydrogen sulfide removal. However, nickel forms soluble salts with 
hydrogen cyanide from which it cannot be easily regenerated. Because of this problem, and 
its relatively high price compared to iron, nickel was never used on a large scale. 

The iron oxide suspension family of processes is of historical interest because they consti- 
tute transitional processes that evolved from the traditional iron-oxide dry-box processes and 
were forerunners of the chelated-iron based processes that currently share the U.S. market for 
liquid redox processes together with the vanadium based Stretford process. 

Basic Chemistry 

The chemistry of all iron oxide suspension processes is based on the reaction of H2S with 
an alkaline compound, either sodium carbonate or ammonia, followed by the reaction of the 
hydrosulfide with iron oxide to form iron sulfide. Regeneration is effected by converting the 
iron sulfide to elemental sulfur and iron oxide by aeration. This portion of the cycle involves 
essentially the same reactions as those occurring in dry-box purifiers. The following equa- 
tions represent the reaction mechanism: 

H2S + Na2C03 = NaHS + NaHC03 (9-3) 
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2Fe2S3 *3H20 + 302 = 2Fe203 *3H20 + 6 s  (9-5) 

Besides the main reactions, several side reactions (mostly leading to the formation of 
undesirable sulfur compounds) occur in the process. These side reactions depend on the 
operating conditions and the composition of the gas to be treated. Usually a certain amount 
of thiosulfate formation is inevitable. In some cases it may even be desirable to operate these 
processes so that hydrogen sulfide is quantitatively converted to thiosulfate according to the 
following equations: 

2NaHS + 202 = Na2S203 + H 2 0  (9-6) 

Na2S + 1 X 0 2  + S = Na2S203 (9-7) 

A further side reaction in which sulfur is also converted to an undesirable product is 
caused by the absorption of hydrogen cyanide in the alkaline material. The hydrogen cyanide 
is first converted to sodium cyanide and then reacts with elemental sulfur to form thio- 
cyanate: 

HCN + Na2C03 = NaCN + NaHC03 (9-8) 

NaCN + S = NaSCN (9-9) 

Normally only a small portion of the hydrogen cyanide reacts in this manner as most of the 
absorbed hydrogen cyanide is stripped from the solution by the regeneration air. 

The presence of hydrogen cyanide in the gas to be purified leads to still another side reac- 
tion that may have considerable influence on the operation of the process. It was observed 
(Sperr, 1926) that very noticeable color changes occurred in the solution when gas contain- 
ing relatively large amounts of hydrogen cyanide (approximately 10% of the hydrogen sul- 
fide) was treated. In this case, the oxidized solution displays a blue coloration indicating the 
presence of ferric-ferrocyanide complexes, such as Prussian blue, while the fouled solution 
becomes pale yellow in color. In addition, it was also noticed that, while the reaction 
between hydrogen sulfide and iron oxide is quite slow, the presence of blue complexes 
results in rapid conversion of hydrogen sulfide to elemental sulfur. Although the exact chem- 
ical nature of the blue and yellow compounds is not known, it is hypothesized that the reac- 
tions responsible for the color shift involve oxidation of H2S to elemental sulfur by conver- 
sion of the ferric-ferrocyanide complex to ferrous ferrocyanide. In the regeneration step the 
ferric-ferrocyanide complex is re-established. The reactions occurring in the cycle can be 
represented schematically by the following equations: 

2Fe2Fe(CN)6 + NqFe(cN), + 0 2  + 2H2CO3 = Fe4[Fe(cN)6l3 + 2Na2C03 
+ 2H20 

(9-10) 

(9-11) 
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It is likely that under these conditions hydrogen sulfide does not react at all with iron 
oxide and that reactions 9-10 and 9-1 1 are the only ones occurring. The iron, which in most 
cases is added to the solution as soluble iron sulfate, serves only to replenish the iron- 
cyanide compounds lost with the sulfur. 

Burkheiser Process 

This process, which was developed in Germany at approximately the same time as Feld 
was conducting his polythionate work, is described in some detail by Terres (1953). As in 
Feld’s work, the process objective was the removal of H2S and NH3 from coal gas. The prin- 
cipal difference between the two methods is that in the Feld process, H2S and ammonia are 
absorbed simultaneously, while in the Burkheiser process they are removed in two consecu- 
tive steps. However, only the H2S-removal portion of the Burkheiser process was successful 
and applied on a commercial scale. 

In the Burkheiser H2S removal stage, hydrogen sulfide and hydrogen cyanide are absorbed 
in an aqueous solution containing ammonia, iron oxide, and elemental sulfur. The spent solu- 
tion leaving the absorber is a slurry containing a mixture of elemental sulfur and iron sulfide 
solids. To separate the iron sulfide, the slurry is introduced into a “sulfur dissolving” vessel 
where the suspended free sulfur is converted to soluble ammonium polysulfide by the action 
of gaseous ammonia and hydrogen sulfide. Subsequently, the iron sulfide solids are removed 
from the solution by filtration and regenerated by contact with atmospheric oxygen. The iron 
oxide and elemental sulfur formed in this operation are resuspended in an aqueous solution 
of ammonia and recycled for further absorption of hydrogen sulfide. The filtrate, which con- 
tains a mixture of ammonium polysulfide, ammonium cyanide, ammonium thiocyanate, and 
ammonia, is heated to approximately 200”F, and the ammonium polysulfide is decomposed 
into ammonia, hydrogen sulfide, and elemental sulfur. The gaseous ammonia and hydrogen 
sulfide are absorbed by the spent solution in the “sulfur dissolving” vessel and reused to con- 
vert elemental sulfur to ammonium polysulfide as previously discussed. 

The reprecipitated free sulfur is separated from the filtrate, and the residual solution, con- 
taining cyanides and thiocyanates, is treated with a suspension of calcium hydroxide. The 
precipitated calcium cyanide and calcium thiocyanate are filtered and added to the coal used 
in gas manufacturing. During gasification the cyanogen compounds are converted to hydro- 
gen sulfide and ammonia. The advantage of this rather complicated process is that the only 
end products of gas purification are elemental sulfur and ammonia. 

Ferrox Process 

The Ferrox process was disclosed by Sperr (1926, 1932) of the Koppers Company, Pitts- 
burgh, PA, and subsequently used on a fairly extensive scale. Ferrox was one of several gas 
purification processes developed by Koppers in the 1920s. The first was the Seaboard 
process, which was shortly followed by the Ferrox process in 1926 and the Thylox process in 
1929. The Ferrox process was superior to the Seaboard process because more complete 
hydrogen sulfide removal was obtained, while only small amounts of carbon dioxide were 
removed at the same time. Over the years, Ferrox plants have been replaced by installations 
using more efficient processes, but at least one plant was reported to be in operation in 1992. 

The Ferrox process represented a marked improvement over dry-box purification because 
the plants occupied only a fraction of the ground area necessary for dry boxes treating equiv- 
alent volumes of gas. In addition, the labor cost was reduced appreciably, and the initial 
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installation cost was somewhat lower than that for dry-box purifiers. A contemporary factor 
that bolstered commercialization of the Ferrox process was the development of flotation 
techniques for recovering elemental sulfur after the oxidation step. The principal disadvan- 
tage of the process was that complete removal of H2S could not be obtained as readily and 
regularly as by the use of dry boxes. 

Process Description. A schematic flow diagram of the Ferrox process is shown in Figure 
9-1. The solution, normally containing 3.0% sodium carbonate and 0.5% ferric hydroxide, is 
pumped to the top of the absorber where it is countercurrently contacted with the gas fed into 
the bottom of the vessel. The hydrogen sulfide-containing solution flows from the bottom of 
the absorber to the thionizer, or regenerator, where elemental sulfur is formed by contact of 
the solution with air. The sulfur accumulates on the liquid surface as a froth, enters the slurry 
tank, and is pumped from there to a filter where excess liquid is removed. The regenerated 
solution is pumped from the thionizer through a heater to the absorber, thus completing the 
cycle. The liquid obtained in the filter is usually discarded, thus providing a means for con- 
tinuously purging the system of undesirable salts. 

Design and Operation. The absorber used in Ferrox installations has a lower section, or 
saturator, and an upper section, the absorber proper. The saturator contains a continuous liq- 
uid phase, several feet high, through which the raw gas is bubbled before it enters the upper 
section. The function of the saturator is to provide sufficient contact time to complete the 
reaction between sodium hydrosulfide and ferric oxide before regeneration of the solution. If 
essentially complete reaction is achieved, thiosulfate formation in the regenerator is kept at a 
minimum. The upper part of the absorber contains sprays and wooden hurdles similar to 
those used in the Seaboard process and usually has a total height of 60 ft (Sperr, 1926). 

The thionizer consists of long shallow tanks, each containing several compartments 
arranged so that the solution can be transferred from one compartment to another. The com- 

Figure 9-1. Typical flow diagram of Ferrox process. 
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partments contain directional baffles which ensure proper flow of the solution along the total 
length of the tanks. The depth of the liquid in the thionizers is approximately 42 in. Air is 
admitted to the bottom of the thionizer and dispersed into fine bubbles by passage through 
cloth-covered tubes. Typical cloth tubes are about 5 in. in diameter by 10 ft in length and are 
mounted on steel pipes which are manifolded above the thionizer tank (Sperr, 1926). 

The liquid is circulated at such a rate that a two- to threefold excess of ferric hydroxide 
over the stoichiometric quantity necessary for the complete reaction with hydrogen sulfide is 
present. Gollmar (1945) states that the process can be operated with less than the stoichio- 
metric concentration of iron oxide and interprets the function of the iron as a catalytic oxy- 
gen carrier. Available historical data from several plants indicate that operation with an 
excess of iron oxide over the stoichiometric amount was commonly practiced. This excess 
seems to be required for complete removal of hydrogen sulfide and, also, to minimize thio- 
sulfate formation in the thionizer. For a coal gas plant with a 10 MMscf/day capacity and a 
hydrogen sulfide removal rate of 400 graindl00 scf, the chemical requirements are approxi- 
mately 3,500 lb/day of sodium carbonate and 2,800 IWday of iron. 

The air requirements for oxidation of femc sulfide, assuming complete removal of H2S, 
are 300 cu fV1,OOO cu ft of gas. This is equivalent to a ratio of about 10 moles of oxygen to 1 
mole of hydrogen sulfide for a gas containing 400 grains hydrogen sulfide per 100 cu ft 
(Sperr, 1926). Air requirements depend to a large extent on proper oxygen utilization in the 
thionizer. Since theoretically only Yi mole of oxygen is required per mole of H2S, it is evident 
that improved thionizer design should permit the use of appreciably smaller quantities of air. 

The efficiency of hydrogen sulfide removal by this process varies from 85 to practically 
100%. Sperr (1926) reports that hydrogen sulfide concentrations in the treated gas, suffi- 
ciently low to satisfy the U.S. Bureau of Standards lead acetate test, can be achieved in a sin- 
gle absorber. However, when high-punty gas is required, two-stage absorption is recom- 
mended. Depending on the hydrogen cyanide content of the gas and the rate of thiosulfate 
formation, 70 to 80% of the hydrogen sulfide can be recovered as elemental sulfur. 

The solids obtained in the filters contain from 30 to 50% elemental sulfur, approximately 
50% moisture, and 10 to 20% salts, mostly entrapped ferric hydroxide and sodium carbonate. 
Because of this loss of sodium carbonate and ferric hydroxide, these chemicals have to be 
added continuously to the solution. This affects the economics of the process, and for plants 
where the gas capacity is low and the quantity of recoverable sulfur is small, solution regen- 
eration is uneconomical. In general, this consideration was not a major factor in the United 
States since there was no market for the sulfur obtained from a Ferrox plant. Therefore, most 
American plants were operated on a non-regenerative basis. 

One of the major drawbacks of the Ferrox process is the corrosiveness of the treating solu- 
tion which causes fairly rapid destruction of carbon-steel equipment. The use of alloys is 
uneconomical in most installations, but lining of the major vessels with rubber and the possi- 
ble use of coated wooden tanks for thionizers was routinely considered. 

A modification of the Ferrox process was described by Gard (1948) and Bailey (1966) of 
Unocal. Unocal used the Ferrox process to purify three natural gas streams containing 
hydrogen sulfide within the range of 40 to 100 grains per 100 cu ft and carbon dioxide 
between 4 and 26%. Operating pressures were 80 to 160 psig. Although under normal oper- 
ating conditions essentially all of the hydrogen sulfide was removed from the feed gas, the 
Ferrox unit was followed by dry-box purifiers in order to ensure continuous production of 
pipeline quality gas. The sour gas entered the bottom of the contactors through a sparger 
and bubbled through a column of liquid. Fresh solution entered the contactor with the feed 
gas. Spent solution was withdrawn through a draw-off tray and sent to regeneration troughs 
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where it was aerated, and the elemental sulfur formed was skimmed from the liquid. The 
regenerated liquid was then returned to the contactors. A photograph of this installation is 
shown in Figure 9-2. 

Gluud Process 

The Gluud process was introduced in Germany in 1927 independently of the American 
Ferrox process (Gluud and Schoenfelder, 1927). The chemical reactions in this process are 
the same as those of the Ferrox process with the exception that a dilute solution of ammoni- 
um carbonate is used instead of a sodium carbonate solution. The principal difference 
between the two processes is that the Gluud process employs taller regenerators which per- 
mit much more efficient oxygen utilization. This advantage, however, is somewhat offset by 
the need to compress air against a higher pressure head. For instance, while a typical Ferrox 
installation requires 300 cu ft air/1,000 cu ft gas, the equivalent plant using the Gluud 
process requires only 30 cu ft air/1,000 cu ft gas for solution regeneration (Gluud and 
Schoenfelder, 1927). For a typical coal gas containing 400 grains hydrogen sulfide per 100 
cu ft, this air demand is equivalent to 200% of the stoichiometric requirement, or about one 

Figure 9-2. Ferrox plant used for removal of hydrogen sulfide from natural gas. 
Courtesy of Unocal 
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mole of oxygen per mole of hydrogen sulfide. A schematic flow diagram of the Gluud 
process is shown in Figure 9-3. 

A modification of the Ferrox process was developed in England in the 1950s at the 
Rochdale Works of the Manchester Corporation Gas Department and is known as the Man- 
chester process. This process, which is covered by British Patents 550,272 and 61 1,917, was 
subsequently used in several British gas works installations. A large plant, with a capacity to 
handle 80 million cu fl aidday, was also built to remove hydrogen sulfide from the exhaust 
air in a viscose cellulose manufacturing plant. In this installation, the hydrogen sulfide con- 
tent of the air was reduced from 255 to approximately 5 ppm (Roberts and Farrar, 1956). 

Process Description. The principal difference between the Manchester and Ferrox 
processes is the use of multistage treatment in the Manchester process. Fresh solution is fed 
to each washing stage in the Manchester process, while a single contact is used in the Ferrox 
process. To ensure completion of the reaction between hydrogen sulfide and iron oxide, the 
Manchester process provides a separate delay vessel between the absorbers and the regenera- 
tors. The regenerators are tall vessels providing relatively long contact times between the 
solution and the air, which is introduced by means of several rotary or turbo diffusers. 

Design and Opemtibn. The design and operation of a typical Manchester plant located in 
Linacre, Liverpool, is described in detail by Townsend (1953). In this plant, which processes 
about 3 MMscf gadday, the gas passes consecutively through six cylindrical absorption tow- 
ers that are 7 ft 6 in. in diameter by 25 ft in overall height. The towers are packed with wood- 
en boards, and the liquid is distributed in the first two and last two towers by rotating distrib- 
utors and in the middle two towers by serrated troughs. Fresh solution is pumped into each 

Figure 9-3. Typical flow diagram of Gluud process. 
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tower and collected in a flooded manifold from which it flows into the delay tanks. The 
delay tanks are of sufficient size to provide a residence time of 7 to I O  min, which appears to 
be necessary to drive the reaction between sulfide ion and iron oxide to completion. From 
the delay tanks, the solution flows to the oxidizers that are 10 ft in diameter by 25 ft in over- 
all height. The effective height of the oxidizers is approximately 16 ft because of the 
arrangement of the diffusers in the bottom of the vessels. The elemental sulfur liberated in 
the regenerators is removed as a froth from the top of the vessels and collected in sludge- 
receiving tanks. From there, the sulfur is processed further and finally recovered in 90 to 
95% pure form, the contaminants being primarily iron oxide, sodium carbonate, some thio- 
sulfate, and water. Figure 9-4 shows a photograph of the absorber section of a Manchester 
plant treating 12 million scf/day of coal gas. Typical operating data reported for two differ- 
ent plants, each treating about 3 million cu ft gas daily, are shown in Table 9-2. 

The Manchester process absorber design underwent several modifications, and its config- 
uration varies depending on the operating conditions in each plant. In addition to packed 
cylindrical vessels, rectangular vessels are also used as coal gas absorbers (R. & J. Dempster, 
1957). For rayon plants, where the large volume of exhaust air contains a relatively small 
amount of H2S, horizontal spray absorbers with semicircular cross sections are also used 
(Anon., 1957B). 

Figure 9-4. Manchester process plant treating 12 million scf/day of coal gas. Absorbers 
shown in foreground. southwestern Gas Board, England, and W.C. Holmes Go., Ltd. 
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Table 9-2 
Operating Data for Manchester process 

Design Variables 

Gas-flow rate, MSCFlhr 
Liquid-flow rate, gpm 
Air-flow rate to oxidizers, MSCF/hr 
Temperatures,OF: 

Inlet gas 
Outlet gas 

In 
After 1st stage 
After 2nd stage 
After 3rd stage 
After 4th stage 
After 5th stage 
After 6th stage 

H2S, grains/100 scf 

Suspended iron in soln., % FqO, 
Soluble iron in soln., % Fe 
Alkalinity, N 
Thiosulfate, N 
“Blue,” % 
Reagents used, lb/MMscf 

Copperas (FeS04-7H20) 
Sodium Carbonate 

Plant A* 

125 
2,400 

54 

.... 

.... 

738 
328 
102 
17 
1 

0.1 1 
0.04 
0.046 
0.16 
0.23 
0.18 
0.11 

344 
207 

Sources: *Plant A (Townsend, 1953); f Plant B (R. & J. Dempster, 1957) 

Plant B t  
140 

1,700 
21 

80 
86 

705 
190 
90 
15 

trace 
nil 
nil 

0.033 

0.30 

Iron Cyanide Solutions and Suspensions 

Several processes utilizing iron-cyanide complexes as oxidation agents were developed in 
Europe shortly before or during World War 11. All of these processes are identical with 
respect to the basic chemistry involved in the absorption-regeneration cycle. Trivalent iron is 
reduced to divalent iron in the absorption step, and the divalent iron is reoxidized during 
regeneration. Hydrogen sulfide is oxidized to elemental sulfur, which is recovered by flota- 
tion and slurry filtration. The primary reaction chemistry of the iron cyanide solutions is sim- 
ilar to that of modem processes based on chelated iron solutions. The reactions are symbol- 
ized in the following equations: 

Absorption: 

2Fe3+ + H2S = 2Fe2+ + S + 2H+ (9- 12) 

Regeneration: 

2Fe2+ + !402 + H20 = 2Fe3+ + 20H- (9- 13) 
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The differences between the individual iron-cyanide complex processes stem from the 
type of complex selected and the method of regeneration. In two processes, that of the 
Gesellschaft fur Kohlentechnik and the Fischer process, alkaline aqueous solutions of potas- 
sium ferricyanide and ferrocyanide are used, and regeneration is carried out by contact with 
air and electrolysis, respectively. The other two processes of this category, the Staatsmijnen- 
Otto and the Autopurification processes, employ suspensions of complexed ferric-ferro- 
cyanide compounds in alkaline solutions that are regenerated by air contact. The latter two 
processes are essentially identical, although they were developed independently in 1945 in 
the Netherlands and in England, respectively. 

Like the more modem iron-complex based processes, these processes claimed two main 
advantages over prior technology: (1) the capability to completely remove hydrogen sulfide 
and (2) the production of high punty sulfur. In addition, in many coke-oven gas applications 
where hydrogen cyanide was already present in the feed gas, sufficient hydrogen cyanide 
could be obtained from the gas, and chemical make-up requirements consisted solely of the 
occasional addition of iron sulfate to replace iron losses. 

The iron-cyanide processes have not been employed extensively on an industrial scale, 
and only a few publications describing their operation have appeared. The Fischer (1932) 
process has been described by Mueller (1931) and Thau (1932). The Staatsmijnen-Otto 
process has been discussed in detail, especially with respect to its complex chemistry, by 
Pieters and van Krevelen (1946). The operation of an Autopurification process plant has 
been reviewed by Craggs and Arnold (1947). 

Fischer Process 

This process, which was developed and commercialized at the gas works at Hamburg, 
Germany, and patented by Fischer (1932), utilizes an aqueous solution containing about 20% 
potassium ferrocyanide and 6% potassium bicarbonate. The solution is subjected to electrol- 
ysis, which converts a portion of the ferrocyanide to ferricyanide and an equivalent amount 
of the bicarbonate to carbonate, releasing at the same time a proportionate volume of hydro- 
gen. The presence of both ferricyanide and carbonate enables the solution to absorb H2S 
rapidly and to convert it immediately to elemental sulfur. The reactions involved can be 
expressed by the following equations: 

Electrolysis: 

2&Fe(CN), + 2KHC03 = 2K3Fe(CN), + 2K2C03 + H2 (9-14) 

Absorption: 

2K3Fe(CN)6 + 2K2C03 + HzS = 2&Fe(CN), + 2KHC03 + S (9-15) 

The overall reaction, indicating the decomposition of hydrogen sulfide to hydrogen and 
sulfur, can be written in a simplified form: 

H2S = H2 + S (9- 16) 

In practice, the process as described by Mueller (1931) and Thau (1932) operates as fol- 
lows. The sour gas is contacted with the regenerated solution in a centrifugal contactor, and 
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the H2S is converted to sulfur of very small particle size. A centrifugal contactor was chosen 
because of plugging difficulties experienced with equipment of conventional design. The 
spent solution is pumped to a settling tank and from there flows to a filter press where the 
sulfur is removed. If a large settling tank is used, only a portion of the solution has to be fil- 
tered with the rest of the liquid being decanted. The combined sulfur-free liquids are pumped 
to a specially designed electrochemical cell where regeneration is achieved by electrolysis. 
The regenerated solution is then recycled to the contactor. 

A review of the operating data for the Hamburg gasworks plant shows that the regenerated 
solution contains about 2 to 5% potassium ferricyanide. Approximately 2,000 gavhr are cir- 
culated to treat an hourly volume of about 100,OOO cu ft of water-gas containing 175 grains 
H,S/100 cu ft. The reported electric power consumption of about 1.8 kwhrnb of sulfur is 
rather high (twice the theoretical requirement) and may be one of the reasons for the failure 
of the process to gain acceptance despite the quality of the sulfur produced. 

Staatsmijnen-Otto and Autopurification Processes 

Process Description. In these processes, which are practically identical, hydrogen sulfide 
is removed-primarily from coal gases which also contain ammonia and hydrogen 
cyanide-by contact with an ammoniacal solution containing suspended ferric-ferrocyanide 
complexes, usually referred to as “iron blue.” In addition, the solution contains ammonium 
salts which are necessary to stabilize the cyanide complexes. After long periods of use, thio- 
cyanate and thiosulfate also accumulate in the solution. Regeneration of the spent solution is 
carried out by contact with compressed air in a tall aerating tower. Because of the exother- 
mic nature of the oxidation, reaction heat is liberated in the regenerator and causes an 
increase in the solution temperature. After leaving the regenerator, the oxidized solution 
flows through a cooler and from there is returned to the absorber. 

Elemental sulfur separates from the solution during regeneration and is collected as a froth 
at the top of the regenerator. The sulfur froth, which contains 70% water, some ammonia, 
and a small amount of “blue,” is filtered and washed for removal of the bulk of the impuri- 
ties. The sulfur is then heated with water in an autoclave at a temperature above its melting 
point and recovered as fairly pure molten sulfur. An extremely pure product may be obtained 
by further heating of the sulfur at about 600°F-at which temperature organic impurities are 
decomposed-followed by distillation. 

The chemistry of the process is rather complicated, primarily because of the complex 
behavior of the “blue” and the many side reactions which may occur, depending on the gas 
composition and operating conditions. A very extensive study of process variables was made 
by Pieters and van Krevelen (1946). Basically, during absorption, hydrogen sulfide reacts 
with ammonia to form ammonium hydrosulfide. In the regeneration portion of the process, 
the hydrosulfide is oxidized to elemental sulfur by reduction of the “blue,” which acts as an 
oxygen carrier. The reduced “blue” is then reoxidized. It is obvious that this interpretation is 
an oversimplification of the mechanism actually occurring, especially if it is kept in mind 
that the solution contains dissolved iron-cyanide salts that can react directly with the hydro- 
gen sulfide. 

Process Operation. It is claimed that H2S is removed quantitatively and for the greater part 
converted to elemental sulfur. However, a certain amount of thiosulfate formation does take 
place, especially at high pH and low concentrations of “blue.” In some instances, it may even 
be desirable to operate the process so that the H2S is completely converted to thiosulfate. 
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Any hydrogen cyanide contained in the gas is absorbed quantitatively and converted to 
ammonium thiocyanate. In order to avoid losses of sulfur caused by this reaction, the hydro- 
gen cyanide may be removed from the gas before it enters the desulfurization plant, and con- 
verted to alkali ferrocyanide. This procedure is economically advantageous, since the ferro- 
cyanide can be used as makeup to replace the “iron-blue” lost with the wet sulfur. 

The hydrogen cyanide is commonly removed from the feed gas by contact with a solution 
of alkali carbonate in a cast-iron vessel filled with iron filings. If the absorption temperature 
is about 200”F, HCN reacts rapidly with the iron and H2S and C 0 2  are not absorbed. A por- 
tion of the solution is withdrawn from the vessel at regular intervals, and the ferrocyanide is 
salted out by adding alkali carbonate. The crystals are removed and the remaining solution is 
returned to the absorber. 

Typical operating data for the Staatsmijnen-Otto process are presented in Table 9-3. These 
data were obtained at a plant operated by the Societe Carbochimique at Tertre, Belgium. The 
plant consists of two parallel installations, each composed of a contactor and regenerator, and 
one final-purification installation, also containing a contactor and regenerator. 

Operating experience with a small demonstration plant utilizing the Autopurification 
process was reported by Craggs and Arnold (1947). The plant, located at Billingham, Eng- 
land, processed 6,000 cu ft/h of coke-oven gas. Operational tests conducted over a period of 
4 years resulted in the conclusion that although the plant was capable of producing gas con- 
taining less than 1 ppm of H2S, the operation was erratic, with the treated gas containing as 
much as 200 pprn H2S. Laboratory experiments conducted in parallel with the plant tests 
revealed a fairly good correlation between the ammonia content of the solution and the H2S 

Table 9-3 
Typical Operating Data of Staatsmijnen-Otto Process 

Gas flow rate, MSCF/hr 1,400 

Air flow rate, M S C F h  56 
Solution flow rate, gpm 3,500-5,300 

Cooling-water flow rate, gpm 
Gas contents, graindl00 scf 

H2S in inlet gas 
H2S after first contactor 
H2S after second contactor 
HCN in inlet gas 
HCN after first contactor 
NH3 in inlet gas 

1,750 

170-210 
0.5 
0 

15-26 
0 

200-250 
Solution composition, @iter: 

Total solids 300-400 
“Blue” 1 .O (min.) 

Ferrous sulfate, lb/day 330 
Chemical consumption: 

Sulfur recovery, % 30-60 
Source: Pieters and van Krevelen (1946) 
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content of the outlet gas. It was found that the treating efficiency of the process is much 
more sensitive to the ammonia content than to the total iron and cyanide contents of the solu- 
tion. As a result of these studies, a solution containing 2.0 giliter of total iron, 2.8 g/liter of 
cyanide, and 4.0 g/liter of ammonia was specified for optimum performance. 

Another shortcoming of the process was the. large amount of air required for solution regen- 
eration. The plant is equipped with a tall regenerating tower, and an air volume equal to about 
15% of the gas volume treated is required for adequate regeneration. However, the most seri- 
ous finding of this study came from a comparative cost analysis which indicated that, at the 
time of the study, the Autopurification process was not competitive with dry-box purification. 

There are two main processes in the thioarsenate category. The first, the Thylox process, 
was developed in the late twenties and used in the U.S. for many years, especially for the 
purification of coke-oven and other manufactured gases. The second, the Giammarco-Vetro- 
coke (G-V) process, is a dual H2S/C02 gas sweetening process introduced in Italy in 1955, 
which was extensively used in Europe and Asia, especially in applications where the H2S 
concentration in the feed gas was relatively low. 

The Thylox process is no longer used commercially, while the arsenic-based version of the 
Giammarco-Vetrocoke process is still supported by the licensor in countries where the use of 
arsenical solutions is permitted. A non-arsenic, evolutionary modification of the G-V process is 
currently being offered for COZ removal, and is claimed to be very competitive. This form of 
the process can not be classified as a liquid redox process, and is discussed in Chapter 5. 

Although the presence of arsenic salts in the treating solution suggests a strong similarity 
between the two thioarsenate processes, their chemistry and operating characteristics are fun- 
damentally different. The Giammarco-Vetrocoke process, unlike the Thylox process, relies 
on the use of relatively inert monothioarsenate salts. This practice limits the extent of unde- 
sirable side reactions, and makes arsenic sulfide precipitation problems less likely. In spite of 
the toxicity of the solution, the combination of these two factors has made the arsenic-based 
Giammarco-Vetrocoke solution somewhat more environmentally acceptable. 

Thylox Process 

The Thylox process was disclosed by Gollmar (1929A, B) and Jacobsen (1929) and com- 
mercialized by the Koppers Company, Inc. A partial list of Thylox plants operating in 1945 
showed a daily gas volume of 266 million cu ft, resulting in the production of about 60 long 
tons of sulfur. After 1950, the Thylox process gradually lost its prominence because of the 
advent of large-scale use of natural gas and the development of more efficient processes for 
the desulfurization of natural and manufactured gases. In recent years, the use of the Thylox 
process for gas desulfurization has been completely abandoned, primarily because of envi- 
ronmental concern due to the toxicity of the scrubbing solution. 

The early applications of the Thylox process were aimed at about 80 to 90% hydrogen sul- 
fide removal, but essentially near total hydrogen sulfide removal was eventually achieved 
through subsequent process improvements. One variation of the process, the so-called “mod- 
ified Thylox process,” was applicable in cases where complete purification of gases contain- 
ing small amounts of hydrogen sulfide was required. 

A neutral or slightly alkaline solution, containing sodium or ammonium thioarsenate as 
the active ingredient, is used in the Thylox process. Hydrogen sulfide is converted to ele- 
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mental sulfur of sufficiently high purity to be usable in agriculture, mainly as a fungicide 
(Sauchelli, 1933). Since the sulfur contains less than 0.5% arsenic, it could also be used as a 
raw material for the manufacture of various chemicals. 

The Thylox process offered some economic advantages over processes previously dis- 
cussed in this chapter. The consumption of alkali due to thiosulfate formation was reduced 
markedly, and the sulfur was produced in a much more valuable form. Estimated operating 
requirements for a plant treating 5 million cu ft/day of refinery gas containing 1,OOO grains 
hydrogen sulfidd100 cu ft were reported by Dunstan (1938), and are shown in Table 9-4. 

The chemistry of the Thylox process is described in detail by Gollmar (1934). The actual 
reaction mechanisms taking place during the various phases of the process are quite compli- 
cated because of the possible existence of a large variety of ionic species. The principal reac- 
tions involve replacement of one atom of oxygen by one atom of sulfur in the thioarsenate 
molecule during absorption, and the reverse during regeneration. The reactions can be sym- 
bolized by the following equations: 

Absorption: 

N % A s ~ S ~ O ~  + HZS = N~i&&0 + H20 (9-17) 

Regeneration: 

N Q A S ~ S ~ O  + !402 = N ~ A s ~ S ~ O ~  + S (9- 18) 

These two reactions are quite rapid and are undoubtedly the main reactions occurring 
under most operating conditions. In cases where gas containing very high concentrations of 
hydrogen sulfide is treated, or when long contact-times are provided, other, much slower 
reactions, equations 9-19 and 9-20, may also take place to some extent. 

TaMe 9-4 
Operating Requirements of Thylox procesS 

Type of gas: 
Plant capacity, MMscfIday 
H2S content, grains/100 scf 
Sulfur removal, % 

Refinery or natural 
5 .O 

1 ,OOo 
98 

Gas pressure, psig 60 

Power, kw-hrlday 1,200 

Sodium carbonate, lblday 600 

Credit: sulfur recovered, tons/day 3 

Labor (operating and maintenance), hrlday 

Steam, lblday 15,000 

Arsenic trioxide, lb/day 150 

14 
I 

Source: Dunstan (1938) 
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Absorption: 

Na4As2S60 + H2S = N%As2S7 + H 2 0  (9-19) 

Regeneration: 

N % A s ~ S ~  + HO? = N Q A s ~ S ~ O  + S (9-20) 

Fresh Thylox solution is prepared by dissolving arsenic trioxide and sodium carbonate in 
water, in the proportion of 2 moles of sodium carbonate to 1 mole of arsenic trioxide. The 
resulting solution contains sodium carbonate and bicarbonate, sodium arsenite, and arse- 
nious acid. 

The sodium arsenite reacts readily with hydrogen sulfide to yield a Na+hzS5 solution hav- 
ing a straw-yellow color. The formation of sodium thioarsenite can be represented as follows: 

2Na2HAs03 + 5H2S = NQAs~SS + 6H20 (9-21) 

If the pH of the thionizer solution is kept at a value of 7.5 or higher, the thioarsenite 
formed in equation 9-21 will absorb oxygen from air and be converted to thioarsenate. This 
oxidation reaction occurs rapidly, and the change in arsenic valence from +3 to +5 is accom- 
panied by a change in solution appearance from yellow to colorless. This reaction is shown 
in equation 9-22: 

Na4As2S5 + O2 = Na4As2S502 (9-22) 

During arsenite oxidation the pH decreases and carbon dioxide is gradually expelled. 
When the solution is completely oxidized, it contains practically no carbon dioxide. In 
preparing the solution, it is important to maintain a ratio of a least 2 atoms of sodium to 1 
atom of arsenic. If insufficient sodium is present, the pH can drop below 6.7, and part of the 
arsenic in the thio-arsenate can revert to its lower valence. Under these conditions, a mixture 
of arsenic trisulfide and sulfur precipitates. For these reasons, the process operates best with- 
in a pH range of 7.5 to 8.0. Ammonia can be substituted for the sodium carbonate without 
changing the characteristics of the process. 

As in all liquid-redox processes, part of the sulfur is converted to thiosulfate, although the 
rate of formation is appreciably lower in the essentially neutral Thylox solution than in more 
alkaline solutions used in other processes. Hydrogen cyanide, which is absorbed in the 
absorber, reacts readily with the sulfur formed in the thionizer to yield sodium thiocyanate. 
Because of these side reactions, the active thioarsenate has to be replenished continuously by 
addition of arsenic oxide and sodium carbonate. 

The amount of carbon dioxide present in typical feed gas, ranging between 0.5 and 8.0%, 
does not interfere with the removal of hydrogen sulfide because the Thylox solution is not 
sufficiently alkaline to absorb carbon dioxide to an appreciable extent. 

Process Description 

A basic flow diagram of the Thylox process is shown in Figurn 9-5. The gas enters at the 
bottom of the absorber and is washed countercurrently with solution entering at the top of 
the vessel. Essentially all of the hydrogen sulfide and hydrogen cyanide are removed in this 
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Ftgwe 9-5. Basic flow diagram of the Thylox process. 

operation. The foul solution is pumped from the bottom of the absorber through a heat 
exchanger where it is heated to approximately 110°F. The warm solution enters the bottom 
of the thionizer and is regenerated by a cocurrent stream of air as it moves upwards through 
the column. The air not only releases the sulfur, but also acts as a flotation agent for the sul- 
fur that collects at the surface of the solution as a froth. The liquid level in the thionizer is 
maintained below a weir over which the sulfur froth flows to the sulfur-sludge tank. The 
regenerated liquid returns by gravity flow to the top of the absorber. The sulfur sludge leaves 
the sludge tank and is passed through the filters, whence the s u b - c a k e  is further processed 
for final product preparation. The sulfur can be recovered as a wet paste, a dry powder, or as 
cast crude sulfur. Pure sulfur can be obtained by distillation of the crude product. Various 
means for sulfur recovery are discussed extensively by Gollmar (1945). The filtrate is 
returned to the foul-solution stream, or it can be partially or totally discarded, thus serving as 
a system purge. Normally a small portion of the solution is continuously withdrawn from the 
system to prevent the accumulation of thiosulfates and thiocyanates. The arsenic may be 
reclaimed from this liquid by adding acid and filtering the arsenic sulfide that is formed. The 
arsenic sulfide is dissolved in sodium carbonate solution and then returned to the system. A 
photograph of a Thylox plant is shown in Figure 9-6. 

Various modifications of the basic process were developed, including 1) two-stage absorp- 
tion for more complete hydrogen sulfide removal and 2) bypassing a portion of the foul solu- 
tion (approximately 25%) around the thionizer. In the two-stage absorption process, freshly 
prepared Thylox solution is used in the second absorber. A plant using two-stage absorption 
is described by Powell (1936). 

Design and Operation 

The typical absorber is a steel tank packed with wooden hurdles. Since most Thylox plants 
operate at essentially atmospheric pressure, and the mass transfer efficiency of this design is 
relatively poor, a rather large vessel is required. The standard dimensions are commonly 90 
ft high and up to 20 ft in diameter, depending on the gas throughput. The scrubbing solution 
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Figure 9-6. Thylox gas purification plant for removing hydrogen sulfide and producing 
sulfur. Koppers Company (Koppers is now part of ICF Kaiser Engineers) 

is usually fed to a distributor ring located at the top of the tank, which directs and partitions 
the flow through spray nozzles to facilitate adequate distribution of the solution in the 
absorber. 

The thionizer, which operates under slight pressure, is usually a tall empty vessel of much 
smaller diameter and a height of 120 ft. Air is supplied by compressors, and blown upward 
through the liquid filled vessel, lifting the sulfur particles to the top surface, where they form 
a froth. A somewhat different and shorter thionizer design featuring two concentric shells is 
reported by Powell (1936). 

Operating results from three Thylox plants are reported by Powell (1936), Denig (1933), 
Farquhar (1944), and McBride (1933). The plant described by McBride employs a solution 
containing ammonium thioarsenate instead of sodium thioarsenate. Operating results from 
three of these installations are presented in Table 9-5. Other operating data for two Thylox 
plants treating coal gas and blue-water gas are reported by Foxwell and Grounds (1939). 

The circulation rate of the treating solution is set so that a considerable excess of arsenic 
oxide is maintained, over the stoichiometric quantity required to react with the hydrogen sul- 
fide. This is necessary because of the incomplete regeneration obtained in the thionizers. In 
general, 4 to 5 moles of thioarsenate (measured as As203) per mole of hydrogen sulfide are 
circulated through the absorber. 
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Table 9-5 
Operating Data of Thylox Plants 

Gas-flow rate, MSCF/hr 
Solution-flow rate, gpm: 

Primary solution 
Secondary solution 

Air-flow rate, M S C F h  
Steam rate, lb/hr 
Temperature,"F 

Inlet gas 
Outlet gas 
Solution to absorber 

Composition: 
H2S content, graindl00 scf: 

Inlet gas 
Outlet gas: 

Primary absorber 
Secondary absorber 

HCN content, inlet gas, grains/100 scf 
As203 content, % 

Primary solution 
Secondary solution 

Sulfur recovered. % 

210 

280 

16.4 
1,100 

73 
83 
97 

3 16 

9.0 

12.0 

0.7 

64.0 

Design Variables A 
Plant 

B* 

900 

1,350t 
850 
34.0 

95 

61 

3.5 
0.25 

0.3 
0.8 

C 

2,200 

5 9 w  

12.0 

75 
100 

160 

3.0 

*Plant B was operating ar less than 50% of rated capaciq when the operating dura were obtained. 
7315 gpm bypassed around thionizer. 

+25% bypassed around thionizer. 
Sources: 
A) (Farquhar, 1944); B) (Powell, 1936); C )  (McBride, 1933) 

From the data in Table 9-5 it can be seen that approximately 95% hydrogen sulfide 
removal can be easily obtained with a single absorber. When a two stage absorber configura- 
tion is employed, and the system is properly operated, it is possible to produce a purified gas 
containing 0.2 to 0.3 grain hydrogen sulfide per 100 cu ft gas. 

Reactivation of the solution is carried out using an excess of oxygen over the stoichiomet- 
ric requirement. The rate of air flow reported in the literature varies considerably from plant 
to plant, but it appears that about 5 moles of oxygen per mole of hydrogen sulfide are 
required for proper solution reactivation. 

The considerable heat of reaction generated in the oxidation of hydrogen sulfide to ele- 
mental sulfur is dissipated by evaporation of water in the thionizer. As long as solutions of 
low arsenic concentration are used and, consequently, large volumes of liquid are circulated, 
there is no appreciable solution temperature increase. 
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Thylox solution is somewhat corrosive; therefore, stainless-steel internals are specified for 
pumps and valves, and stainless-steel clad tube sheets and stainless-steel tubes are normally 
recommended in solution heaters. Other equipment is made of carbon steel with sufficient 
corrosion allowance to compensate for the severity of the operating environment. 

A process used in Russia, which is practically identical with the Thylox process, is report- 
ed by Jegorov et al. (1954). This paper contains a rather detailed description of process 
equipment, design criteria, and a sample calculation for a typical plant for the treatment of 
coke oven gas. 

The absorbers used in Russian installations are cylindrical vessels packed with wood slats. 
Linear gas velocities of 2 to 4 ft/sec and pressure drops of 2 to 3 in. of water are used for the 
design of typical absorbers operating at essentially atmospheric pressure. The treating solu- 
tion, which contains 8 gfliter of As203 and 10 g/liter of Na2C03, is circulated at a rate equiv- 
alent to a 50% excess over the stoichiometric requirement. 

The regenerator described by Jegorov et al. (1954) consists of a liquid filled tower, 100 to 
120 ft high, containing several metal screens for redistribution of the air. The volume of the 
vessel is based on a solution residence time of 40 to 50 min. and the diameter on an air 
velocity of 500 to 800 cu ft/(hr)(sq ft) of tower cross section. The air-flow rate is equivalent 
to a ratio of 2.5 moles of oxygen per mole of hydrogen sulfide. 

An interesting feature of the Russian process is the two-step method employed for the 
complete recovery of arsenic from solution waste-streams. In the fust step, which is similar 
to the recovery method used in the Thylox process, the solution is heated to 70°C (158'F), 
and arsenic sulfide is precipitated by the addition of 75% sulfuric acid. The precipitate is 
separated from the liquid by filtration, dissolved in aqueous sodium carbonate, and returned 
to the circulating solution-stream. The clear liquid is then passed to the second step where it 
is made alkaline with sodium carbonate solution and treated with a solution of ferric sulfate. 
In this operation the small amount of arsenic remaining in the solution after the first step is 
fixed and precipitated as ferric arsenite and arsenate. The precipitate is finally removed by 
filtration, and the filtrate, which contains about 10 to 20 ppm of arsenic, is either discarded 
or processed for recovery of thiosulfate. Wooden tanks lined with acid-resistant materials are 
used in both steps of the arsenic-recovery operation. Each tank is sized for a solution resi- 
dence time of 4 hr and provided with a mechanical agitator. 

Giammarco-Vetrocoke Process 

The Giammarco-Vetrocoke (G-V) process originally consisted of two different processing 
cycles: one for H2S, and one for C 0 2 .  A combination of two cycles in sequence; first for 
H2S, and then second for CO,; or else in single integrated cycle-can be used for acid gas 
sweetening (Jenett, 1962). The combined process is very versatile, and can be easily adapted 
to the particular needs of any individual plant depending on the feed gas composition and 
operating conditions. 

The chemistry of the general process is based on alkali carbonate solutions, activated by 
arsenic salts, or certain organic compounds (Anon., 1960B; Maddox and Burns, 1968). Ini- 
tially, the alkali carbonate solution was activated by inorganic arsenic in both cycles. Later, 
the carbon dioxide cycle was made more attractive environmentally by introducing the use 
of non-toxic organic activators, most commonly glycine. The arsenic based activators enter 
into the removal reactions, but when organic activators are used they act essentially as cata- 
lysts for CO, absorption, and the basic gas removal mechanism becomes equivalent to that 
of alkali carbonate solutions alone (see Chapter 5). 
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While the use of organic activators instead of arsenic compounds in the COz cycle does 
not significantly affect the capacity or performance of the plant, the arsenate is essential to 
the H2S cycle because it stabilizes the sulfur in a form that is unaffected by the presence of 
COz in the feed gas. According to Jenett (1962), the feasibility of using the G-V process pri- 
marily for hydrogen sulfide removal is limited to applications where the inlet gas hydrogen 
sulfide concentration does not exceed 1.5%, and where the total sulfur removal capacity 
requirements are less than 15 tons per day. The process is reported to be capable of produc- 
ing purified gas containing less than 1 ppm of hydrogen sulfide even when operated at 
absorption temperatures up to 300°F and in the presence of substantial concentrations of car- 
bon dioxide in the gas to be treated. 

Rigorous limitations on the use of the G-V H2S cycle became increasingly widespread due 
to the toxic nature of the arsenical solution, and related problems of plant effluent non-com- 
pliance with local environmental regulations. For these reasons, as of 1992, it was reported 
that even though the H2S removal process was still k i n g  offered for licensing, no new plants 
had been built anywhere in the world for several years (Tomasi, 1992). 

By contrast, the application of the G-V process for carbon dioxide removal has no limita- 
tions as to inlet gas composition, quantity of carbon dioxide to be removed, or inlet gas tem- 
perature. While many older operating plants that employ G-V technology are still arsenic 
based single COz cycles, most modem plants are dual activated (glycine plus amine), with 
two-pressure level regeneration. Many of the early licensees are revamping their units, and 
converting to the low energy operation mode and the use of nontoxic organic activators 
(Tomasi, 1992). The non-arsenic based G-V process is discussed in Chapter 5. 

The general arsenic based process was first disclosed by Giammarco (1955, 1956, 1957) 
and later described in some detail in the technical literature (Jenett, 1962, 1964; Anon., 
1960A, B; Riesenfeld and Mullowney, 1959). It was originally used in Europe, chiefly for 
coke-oven gas and synthetic gas treating, but the first commercial operation in the U.S., in 
1960 in Fort Stockton, Texas, was a high pressure natural gas sweetening application. The 
plant was built for Transwestern Pipeline Co., and was designed to treat 180 MMscfd of nat- 
ural gas containing 28% carbon dioxide and 2 grains per 100 cu ft of hydrogen sulfide, at a 
design pressure of 1,050 psig (Jenett, 1962). 

Basic Chemistry 

The chemistry of the H2S removal cycle is uniquely based on an arsenic-activated potassi- 
um carbonate solution, and is quite complex. The overall reaction mechanism of the absorp- 
tion-regeneration cycle can be represented in a simplified form by the following equations: 

Absorption: 

Digestion: 

(9-23) 

(9-24) 

Acidification: 

(9-25) 
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Oxidation: 

2KHzAs03 + 0 2  = 2KH2As04 (9-26) 

The overall reaction is essentially the Claus reaction: the oxidation of hydrogen sulfide to 
elemental sulfur as shown in equation 9-27: 

H2S + HO2 = S + H20 (9-27) 

The H2S absorption step as represented by equation 9-23 is rapid, and the rate of absorp- 
tion is favored by an excess of arsenite. 

In the second step, thioarsenite reacts with arsenate forming monothioarsenate (equation 
9-24). The stoichiometry indicates that the presence of 1 mole of pentavalent arsenic is 
required for each mole of hydrogen sulfide absorbed. This reaction is relatively slow, requir- 
ing ample residence time, but the reaction rate can be made faster by increasing the concen- 
tration of arsenate and by raising the reaction temperature. In general, in order to drive the 
reaction to completion, an excess of arsenate is recommended. The digestion reaction is a 
critical step in the process because it stabilizes the sulfur as monothioarsenate which is very 
stable towards oxygen and carbon dioxide. The stability of the sulfur towards oxygen sup- 
presses the formation of thiosulfate. 

The extremely low equilibrium vapor pressure of H2S over the monothioarsenate 
(KH2As03S) ensures a negligible concentration of H2S in the treated gas, so that it is possi- 
ble to produce treated gas of very high purity even at elevated absorption temperatures. 

In the third step, represented by equation 9-25, monothioarsenate is decomposed into 
arsenite and elemental sulfur. This is achieved by lowering the pH of the solution. There are 
two different methods that can be used to precipitate sulfur depending on the pH of the start- 
ing solution. If the process operates at elevated temperatures, and the pH of the circulating 
medium is relatively high, the solution is commonly treated with high pressure carbon diox- 
ide. The treatment converts essentially all of the carbonate to bicarbonate, resulting in suffi- 
cient lowering of the pH to precipitate elemental sulfur. On the other hand, with solutions in 
which the starting pH is already low, this procedure is unnecessary, and the slight increase in 
acidity resulting from the formation of arsenate during the oxidation step is usually sufficient 
to achieve the precipitation of elemental sulfur. 

The final step of the H2S removal cycle shown in equation 9-26 is the reoxidation of tnva- 
lent to pentavalent arsenic, usually by contact with air. The rate of the oxidation reaction is 
quite slow, but may be markedly increased by addition of certain catalysts. 

Process Description 

A typical flow diagram of the Giammarco-Vetrocoke process is shown in Figure 9-7. The 
diagram depicts the basic form of the process where acidification of the solution and oxida- 
tion of trivalent to pentavalent arsenic take place simultaneously in the regenerator or oxida- 
tion vessel. In the other version where carbon dioxide is used for solution acidification, a 
separate vessel is located between the “digester” and the regenerator. Typically CO, recov- 
ered from the G-V plant C 0 2  removal flash drum is fed to the bottom of the acidification 
drum and countercurrently contacted with the cooled digester effluent. 

In the basic diagram shown in Figure 9-7, the gas enters the bottom of the absorber where 
it is contacted countercurrently with lean solution entering at the top of the vessel. Essential- 
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ly all of the H2S contained in the feed gas and some of the other impurities, such as hydrogen 
cyanide, are removed in this operation. The rich solution leaves the bottom of the absorber 
and flows to a low pressure stirred vessel called a “digester,” where the relatively slow con- 
version of thioarsenite to monothioarsenate is completed. From the digester the spent solu- 
tion flows to an atmospheric oxidizer flotation tower where trivalent arsenic is oxidized to 
pentavalent arsenic by contact with air. From the oxidizer the regenerated solution is recy- 
cled to the absorber. 

Elemental sulfur is formed in the oxidizer and removed from the solution by flotation. 
The air bubbling through the slurry generates a froth that contains about 10% sulfur and 
90% solution. The froth is withdrawn from the top of the oxidizer and further concentrated 
either in a rotary vacuum filter or in a centrifuge. The filtercake, usually containing about 
50% solids, is washed with fresh water which is then discarded. The filtrate is recycled to 
the process. 

The dual function of the oxidizing tower sets a practical limit to the air flow operating 
range because the flotation process requires a relatively constant air rate. Therefore, it is not 
practical to control arsenate formation solely by the intensity of the solution aeration, and a 
small amount of catalyst is added to promote and control arsenate formation. 

After washing, the sulfur contains about 0.3% arsenic (as arsenite and thioarsenate) on a 
dry basis (Anon., 1960A). In general, since the Giammarco-Vetrocoke process is used in 
applications where the H2S content of the gas is relatively low, the amount of sulfur pro- 
duced is small, and the end product is a low purity washed sulfur paste which must be stored 
for disposal. However, in a few cases it is economical to further process the paste in an auto- 
clave, and to produce liquid or solid sulfur of relatively high quality. 

In spite of the slow rate of undesirable side reactions, thiocyanates (if the feed gas con- 
tains hydrogen cyanide) and sulfates gradually build up in the solution. These compounds 
are removed by treatment in an autoclave for destruction of thiocyanates and by concentra- 
tion and precipitation of sulfate (Anon., 1960A). 

Design and Operation 

The absorber may be any efficient liquid-gas contacting device such as a packed tower or 
a column provided with multiple spray nozzles. Since it is claimed that no solids precipitate 
during absorption, no special provisions are taken to prevent plugging. The digester may be 
located in the bottom of the absorber or may be a separate vessel of sufficient capacity to 
allow the reaction to go to completion. The acidifier, if required, may be a stirred vessel or a 
column provided with baffle trays. 

Cylindrical vessels of sufficient height to permit effective sulfur flotation are used as oxi- 
dizers. Because of the large volume requirement, the oxidizer vessel is often split into two 
columns to reduce its size. 

Vacuum filters and centrifuges are satisfactory, although in small installations filters 
appear to be more economical. A favorable characteristic of the G-V process is that the 
arsenic inhibited alkali carbonate solution is only mildly corrosive, and relatively inert 
towards carbon steel, thus eliminating the need for using expensive alloy steel equipment. 

The treating solutions used in the Giammarco-Vetrocoke process vary over a considerable 
range of concentrations. For the H2S removal process, Jenett (1962) reports sodium or potas- 
sium carbonate concentrations ranging from 0.5 to 15%, presumably with corresponding 
concentrations of arsenic compounds. Typical operating data for the Giammarco-Vetrocoke 
process reported by Jenett (1962) are shown in Table 9-6. 
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Alkali Na or K 
Alkali concentration, wt% 0.5-15 
Solution capacity, cu.ft. HzS/gal. 0.15-2.8 
Air requirements, cu.ftJ1,OOO grains H2S 15-20 

0.01-1.0 
Maximum absorption temperature, OF 300 
H2S in treated gas, ppm 

Source: Jenett (1962) 

A comparison of operating characteristics of the Giammarco-Vetrocoke process with 
those of other early liquid oxidation processes is given in Table P7 (Riesenfeld and Mul- 
lowney, 1959). 

Table 9-7 
Campatisan of Typical Opmting Data forw Removal Pfocesm 

Giammarco- 
Process Vetroooke Thylox Ferrox Manchester 

Pressure, psig. atm atm atm atm 

HzS in, grains/100 scf 300-500 300-500 300-500 500-1,OOO 
H2S out, graindl00 scf 4 . 1 *  lot 5 0.254 

Inlet gas temp.,"F 100-300 100 100 100 

Solution capacity, graindgal. 600 40 70 10 
*One-stage absorption. 
f One-stage absorption; 0.25 graidIO0 scf for two-stage absorption. 

$Six-stage absorption with fresh solution to each stage. 
Source: Riesenfeld and Mullowney (1959) 

When f i s t  introduced, the H2S absorption capacity of the Giammarco-Vetrocoke solution 
was much higher than that of other liquid-redox processes available during the same period. 
In addition, even though amine solutions had higher capacity ratings, the amine solution 
capacity for H2S absorption decreased with increased COz concentration in the inlet gas. 
The net result was that for many gases whose composition included a high content of COz, 
the hydrogen sulfide absorption capacity of the G-V process compared favorably with 
amine processes. 

QUINONE AND VA#ADIUM METAL PROCESSES 

This section reviews three groups of processes each with two representatives. The first 
group contains the Perox and Takahax processes, which utilize the liquid redox potential of 
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organic quinone solutions. The two processes in the second group were derived from the 
first, and employ a combination of quinone compounds and metal salts, usually vanadium. 
This group is highlighted by the Stretford process, and contains, in addition, the Hiperion 
process, a process of less commercial significance. The third group, consisting of the Unisulf 
and Sulfolin processes, evolved directly from Stretford technology, and is characterized by 
the use of vanadium salts in conjunction with organic additives other than quinones. The 
Sulfolin process has achieved moderate commercial success. 

The quinone-based processes utilize the redox cycle illustrated in Figure 9-8 to convert 
hydrogen sulfide to elemental sulfur. In these processes hydrogen sulfide is absorbed into an 
aqueous solution containing a quinone in the oxidized state. The absorbed hydrogen sulfide 
is then oxidized to elemental sulfur by the quinone, which is reduced to hydroquinone in the 
reaction. The hydroquinone is reoxidized to quinone by contact with air in a separate step to 
complete the cycle. 

The chemical formulas for four of the quinones most commonly used historically in 
hydrogen sulfide removal liquid redox processes are shown in Figure 9-9 (Douglas, 1990B). 
The redox potentials of some typical quinone compounds are given in Table 9-8. 

The first liquid redox quinone process was the Perox process, developed in Germany in 
1950. It employs p-benzoquinone, and was a forerunner to other quinone based processes. 
The second process discussed in this section is the naphthoquinone-based Takahax process, 
developed in Japan by the Tokyo Gas Company. This process, which achieved significant 
market penetration in Japan, was introduced in the same time frame as the Stretford process, 
and constituted an attempt to eliminate the use of heavy metals that is characteristic of Stret- 
ford type processes. 

The most extensive discussion pertains to the Stretford process, the ADA-vanadium 
process developed by Nicklin in 1963 for British Gas, which became the most dominant liq- 
uid redox H2S removal technology in the seventies and early eighties. 

The section closes with a discussion of three new processes introduced in the 1980s; they 
include the Unisulf, Sulfolin, and Hiperion processes. Unisulf and Sulfolin are vanadium- 
based processes that were designed to minimize or eliminate the need for spent solution 

Quinone Hydroquinone 

Hydroquinone Quinone 

Figure 9-8. Redox cycle of quinone. 
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Figure 9-9. Structural formulas of quinones used in hydrogen sulfide removal 
processes. (Trof'e et a/., 1987) 

Table 9-8 
Typical Quinone Redox Potentials (E" at W°C) 

~~~ 

Volts 

o - Benzoquinone 0.787 
p - Benzoquinone 0.699 
3,4 Phenanthrequinone- 1-sulfonic acid 0.677 
1,2 Naphthoquinone-4-sulfonic acid 0.625 
1,4 Naphthoquinone-2-sulfonic acid 0.535 
9,lO Anthraquinone-2,7 di-sulfonic acid (ADA) 0.187 

Source: Douglas (199OA, B)  

purging. They are essentially modifications of the Stretford process in which the formation 
of thiosulfate salts is abated through the elimination of side-reactions caused by hydrogen 
peroxide generation. These side reactions are eliminated by abandoning the use of ADA as 
an oxygen carrier. Hiperion, on the other hand, is a modification of the Takahax process. It 
reportedly incorporates chelated iron which accelerates the reoxidation rate of the naphtho- 
quinone salt used in the Takahax process. This makes the operation of the oxidizer more effi- 
cient and reduces capital expenditure. 
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Perox Process 
The Perox process was developed in Germany after World War 11, and was the first 

process to utilize the redox properties of quinone compounds in the removal of hydrogen sul- 
fide from coke-oven gas. As early as 1956, it was reported that three commercial units with a 
combined capacity of approximately 30 million cu ft per day were operating in Germany 
(Reinhardt, 1956). 

The process is currently licensed in the United States by Krupp Wilputte, a North Amen- 
can affiliate of the Krupp Group of Essen, Germany. However, Krupp is no longer promot- 
ing the Perox process, and recommends instead their vacuum potash process, VACASULF, 
for coke-oven gas treatment in the steel industry (see Chapter 5). As of 1993, no new Perox 
plants have been built in the U.S. for the last five years. Nonetheless, the process is still 
being used successfully for the purification of coal gas in Germany. A picture of an existing 
German plant is shown in Figure 9-10. 

The operation of this process is quite simple, and consists of absorption of hydrogen sul- 
fide in an aqueous ammonia solution containing 0.3 gram per liter of an organic oxidation 
catalyst, usually p-benzoquinone, followed by oxidation of ammonium hydrosulfide to ele- 
mental sulfur by contact with air. 

A simplified process flow diagram is given in Figure 9-11 (Krupp Wilputte, 1988). The 
crude gas, which contains hydrogen sulfide, hydrogen cyanide, and ammonia, is first passed 
through a cooler (not shown) in which the temperature and ammonia content are adjusted by 
direct contact with water. From there the gas flows to the contactor in which it is washed 
countercurrently with the Perox solution and practically all of the H2S and HCN are 
absorbed and converted to (NH&S and NH4CN. 

The spent solution is reactivated in the oxidizer by contact with compressed air and 
returned to the contactor. The three principal reactions taking place in the regenerator are as 
follows: 

OH 

OH 

(9-28) 

(9-29) 
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I 

Figure 9-10. Perox plant in Germany. Courtesy of Krupp- Wilpufte 

‘t I I 

SuHur decanter 

Sulfur 

Figure 9-11. Simplified flow diagram of Perox process. (Krupp-Wilputte, 1988) 
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Design variables 

Gas flow rate, MSCFlhr 
Solution-flow rate, gpm 
Air-flow rate, MSCFhr 
Solution temp.,"F 
Inlet gas, grains/100 scf 

H2S 
NH3 
HCN 

H2S 
N H 3  
HCN 

Outlet gas, graindl00 scf: 

pH of solution 
Solution loss, gaVday 
Catalyst loss, lblday 

NH&N + XS2 = W S C N  (9-30) 

Plant 

A B 
300 5 19 

1,300 2,650 
12 31.8 
72 71 

240 399 
230 372 
45 54 

0.5 0.06 
150 295 
2.5 1.8 
8.78 8.83 
390 550 
2.0 9.9 

During regeneration, the hydroquinone derivative is first oxidized to the p-benzoquinone 
form according to equation 9-28. The organic quinone acts as an oxygen carrier and reacts 
with the ammonium sulfide formed in the contactor. Equation 9-29 shows the oxidation of 
ammonium sulfide to elemental sulfur. This reaction also releases the ammonia from the 
ammonium sulfide and restores most of the ammonia content of the solution. A portion of 
the elemental sulfur generated reacts with the ammonium cyanide to yield ammonium thio- 
cyanate by equation 9-30. Therefore, of the total sulfur present in the feed as H2S, the 
amount converted to elemental sulfur will depend on the HCN concentration in the feed gas. 

The sulfur froth and the regenerated scrubbing solution are separated at the top of the oxi- 
dizer. The sulfur froth is filtered off and the resulting filter cake is melted to produce sulfur. 
The filtrate is returned to the solution circuit. Surplus air can be reused as combustion air. 

The oxidation of hydrogen sulfide to sulfur resuits in a net production of water. The over- 
all water balance of the system is maintained by cooling the inlet gas to a temperature some- 
what below that of the circulating solution so that the surplus water is continuously canied 
away by the purified gas. 

Excessive accumulation of side-reaction products in the solution, such as thiosulfates and 
thiocyanates, is prevented by naturally occurring losses. Since these solution losses also 
entail continuous loss of catalyst, periodic additions of the catalytic compound are required. 
Operating results from two Perox plants are shown in Table 9-9 (Pippig, 1953; Anon., 
1957A; Brommer and Luhr, 1956). 

~ ~ 

Table 49 
Typical Operating Data of Pemx Process 
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Takahax Process 
The Takahax process was developed by Hasebe (1970) of the Tokyo Gas Company Ltd., 

to replace the Thylox and Giammarco-Vetrocoke processes (Swaim, 1972). The first com- 
mercial application of the Takahax process was to desulfurize coal gas in a revamped 1.4 
h4Mscfd Thylox plant operated by Kamaishi Gas. About a hundred Takahax units were in 
operation at one time in Japan, primarily in gas works, steel plants, and chemical plants. The 
process is still extensively used in Japan for the desulfurization of coke oven gas. 

The main objectives of the Takahax development program were to devise a liquid redox 
hydrogen sulfide removal process comparable to the Stretford process and to eliminate the 
use of heavy metals to oxidize the hydrogen sulfide. The new process also sought to mini- 
mize the periodic liquid purging that is commonly used in liquid redox systems to eliminate 
the build-up of undesirable contaminants in the scrubbing solution. 

The Takahax process utilizes naphthoquinone (NQ) compounds as the oxygen carrier. The 
preferred solutions contain salts of 1,4-naphthoquinone-2-sulfonic acid dissolved in an alka- 
line aqueous media within a pH range of 8 to 9 (Hasebe, 1970). The original Takahax 
process was based on sodium carbonate; however, either sodium carbonate or ammonia are 
now used as the solution alkaline component. The quinone compound used in the Takahax 
process has a redox potential which is more than double that of anthraquinone di-sulfonic 
acid, also known as ADA, the quinone compound used in the Stretford process. The greater 
redox potential of this naphthoquinone compound promotes a rapid conversion of H2S to sul- 
fur without the addition of vanadium. 

A major drawback of the Takahax process is the slow rate of reoxidation of the reduced 
hydro-naphthoquinone sodium salt. This increases the regenerator residence time requirements 
and the capital cost. It is reported that the process is capable of producing treated gas contain- 
ing less than 10 ppm of hydrogen sulfide even when the raw gas contains substantial quantities 
of carbon dioxide. In addition, 85 to 95% of the HCN in the feed is removed (GEESI, 1981). 

Typical operating conditions for coke-oven gas desulfurization, reported by Hasebe in 
1970. are shown in Table 9-10. 

TaMe 9-10 
Typical Operating Condltbns of Takahax Process 

Gas composition: 
H2S, volume % 
C q ,  volume % 

Solution composition: 
NaZCO3, gramsfliter 
Catalyst, gram mol/liter 

Volume ratio, gas-liquid: 
Volume ratio, air-liquid: 
Chemical consumption: 

Na2C03, lbflb of sulfur recovered 
Quinone, gram moVlb of sulfur recovered 

Source: Hasebe (1970) 

0.4 
5-10 

40 
0.0015-0.0020 

22 
I .9 

0.4 
0.225 
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The flow scheme of the Takahax process is quite similar to that of the Perox process, and, 
as in the Perox process, the oxidation of hydrosulfide to elemental sulfur in the absorber 
occurs almost instantaneously. Therefore, there is no need for a delay tank downstream of 
the absorber to complete the reaction. The process requires no steam and operates at ambient 
pressure. 

In the Takahax process the precipitated sulfur is very fine and not amenable to flotation. 
Therefore, when elemental sulfur recovery is desired, the sulfur recovery technique is based 
on continuous recirculation of a sulfur slurry of relatively high solids content and removal of 
sulfur from a slip stream in a frlter press. 

Improvements made to the process by Nippon Steel during the early 1970s were described 
by Kozumi et al. (1977). One important new feature was the possible use of ammonia as the 
alkaline component of the solution in addition to sodium carbonate. This led to the develop- 
ment of two parallel technologies: the Ammonia-Takahax and the Sodium-Takahax process- 
es. The application of the Ammonia-Takahax process is preferred when the feed gas contains 
sufficient ammonia, and ammonium sulfate is the desired byproduct. The Sodium-Takahax 
process is preferred when either elemental sulfur or sulfuric acid is the desired byproduct 
(GEESI, 1981). 

Other modifications to the original process were aimed at developing new waste liquor 
treatment methods to make the Takahax process a closed-loop system. 

The Nippon Steel coke-oven gas desulfurization technology provides four different 
options for handling Takahax waste solution (GEESI, 1981). These are 

Type A: Wet oxidation to Ammonium Sulfate 
Type B: Incineration to Sulfur Dioxide 
Type C: Sulfuric Acid Production 
Type D: Sulfur Production 

The first two options are available with the Ammonia-Takahax process, and the last two with 
the Sodium-Takahax process. 

In the U.S., the Takahax process has been used in combination with a wet oxidation Hiro- 
hax unit (Type A), where the thiosulfate and thiocyanate ammonium salts dissolved in the 
bleed stream are oxidized to fertilizer grade ammonium sulfate at high temperature 
(48Oo-535"F), and pressure (1,000-1,280 psig). In Japan, both wet oxidation units (Type A), 
and sulfur production units (Type D), are frequently selected, the choice depending primarily 
on the feed gas composition. 

Process Chemistry 

The principal reactions in the Takahax process (Barry and Hernandez, 1990) are 

Absorber reactions: 

NH40H + H2S = NH4HS + H20 

NH40H + HCN = NHdCN + H20 

(9-3 1) 

(9-32) 

(9-33) NQ + NH4HS + H20 = N h O H  + S + H2NQ 
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Regeneration reactions: 

HzNQ + 1'102 = H20 + NQ (9-34) 

2NH4HS + 202 = (NH4)2S203 + H 2 0  (9-33 

S + NH4CN = NH4SCN (9-36) 

NH40H + NH4HS + 202 = (NH4)2SO4 + H20 (9-37) 

The absorption reactions are those of H2S and HCN combining with ammonia to form 
ammonium bisulfide and ammonium cyanide, followed by the oxidation of the ammonium 
bisulfide by the naphthoquinone (NQ) to form elemental sulfur and the naphthohydro- 
quinone (H2NQ). The reactions with oxygen take place in the regenerator and lead to the for- 
mation of NQ, thiocyanate, thiosulfate, and sulfate. Part of the elemental sulfur reacts with 
the available NH4CN in the oxidizer to produce NH4SCN. 

Commercial Applications in fhe United States 

The Takahax process is licensed in the United States by General Electric Environmental 
Services (GEESI), of Lebanon, PA. The first major installation of the Takahax process in the 
U.S. was in 1979 at Kaiser Steel's Fontana, CA, plant (GEESI, 1981) followed in 1981 by a 
second Takahax unit at the by-products plant of Republic Steel's coke plant, located in 
Chicago, IL (Williams et al., 1983). Both of these installations are Type A Takahax units. 

Figure 9-12 is a simplified process flow diagram for a Type A plant (Takahax-Hirohax 
configuration) (GEESI, 1981). Per descriptions of this process provided by Williams et al. 
(1983), GEESI (1981), Araki et al. (1990), and Barry and Hernandez (1990), coke oven gas 
(COG) is cooled to 7S"-9S°F for tar and naphthalene removal. The cooled COG is contacted 
countercurrently-in three to four packed stages-with regenerated Takahax solution to 
simultaneously remove NH3, H2S, and HCN. The H2S and HCN react with ammonia to form 
ammonium bisulfide and ammonium cyanide. In the absorber, the redox catalyst-1,Cnaph- 
thoquinone, 2-sulfonic acid-oxidizes the absorbed H2S to elemental sulfur and ammonium 
cyanide reacts with the sulfur to form thiocyanate. The spent solution is pumped from the 
absorber bottom. To prevent the buildup of thiocyanate, elemental sulfur and sulfur salts, and 
permit closed loop operation, a slipstream of the spent solution (line 1, Figure 9-12) is sent 
to the Hirohax waste treatment unit. The rest of the solution is cooled to remove the heat of 
reaction and control the absorbent solution temperature so that sulfur and cyanide absorption 
are not adversely affected. The cooled solution is then directed to the regenerator. In the 
regenerator the solution is cocurrently contacted with compressed air. A novel air injection 
nozzle is reported to increase oxygen utilization from 30% achieved with the conventional 
air diffusion pipe to 50% (Araki et al., 1990). The redox catalyst is oxidized back to the 
quinone form, and thiosulfate, sulfate, and thiocyanate are formed from the elemental sulfur. 
The amount of thiosulfate, elemental sulfur, and sulfate in the oxidized solution leaving the 
regenerator is controlled by monitoring the solution redox potential (Araki et al., 1990). The 
regenerated solution flows by gravity back to the absorption column. In most cases, carbon 
steel can be used for piping and equipment in the Takahax section of the plant (Swaim, 
1972). Usually, the absorber and regenerator are epoxy lined. 
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The Takahax purge slipstream (line 1, Figure 9-12) is directed to a storage tank for condi- 
tioning before treatment in the Hirohax unit. Passivators are added to protect the titanium 
metallurgy used in the hot, high pressure sections of the Hirohax unit (Williams et al., 1983). 
Ammonia is also added if the slipstream does not contain sufficient ammonia to produce 
ammonium sulfate from all sulfur compounds. The liquid from the tank is pumped to about 
1,OOO to 1,280 psig, mixed with high pressure air (line 2, Figure 9-12), and heated by heat 
exchange (line 3, Figure 9-12) with reactor offgas (line 4, Figure 9-12) to about 390" to 
480°F. The heated solution is sent to the oxidation reactor (line 5, Figure 9-12) where all 
salts are oxidized to ammonium sulfate. Reactor temperatures range from 480 to 535°F. The 
oxidized solution, containing 33 to 37 wt% ammonium sulfate with a free acid content of 2 
to 4 wt%, is cooled, ammonia is added to reduce the free acid content, and the solution is 
then directed to a crystallizer. Offgas from the reactor heats the reactor feed and is washed 
before being vented to atmosphere. 

Another application of the Takahax-Hirohax combination process for the desulfurization 
of coke-oven gas, at the LTV Steel Co. in Chicago, IL, was reported by Barry and Hernan- 
dez (1990). This paper describes in detail the relationship between the redox potential of the 
regenerated Takahax solution and sulfur deposition problems experienced at this plant in the 
Hirohax unit heat exchangers. The article also provides a complete outline of the methodolo- 
gy used in calculating the sulfur, ammonia, and water material balance of the Takahax unit. 
Typical operating conditions at the LTV Takahax plant are summarized in Table 9-11. The 
absorber liquor concentrations are taken at the top of the absorber. The bottom concentra- 
tions are essentially the same except for the concentration of HS-, which decreases towards 
the bottom. Figure 9-13 depicts the Takahax plant at Nippon Steel's Nagoya Works. 

Stretford Process 
The Stretford process was jointly developed in the 1950s in the UK by the North Western 

Gas Board (now the British Gas Corporation) and the Clayton Aniline Company, Ltd. It was 
originally conceived to replace the iron oxide boxes used for the removal of hydrogen sulfide 
from coke-oven gas. However, the process proved to be equally suitable for desulfurization 
of a variety of other gas streams, such as refinery gas, geothermal vent gas, natural gas, and 

Tabb 9-1 1 
Typical operaahrg Conditions at L1v Takahax Plant 

Component concentration Inlet gas Outlet gas Absorber liquor 

H2S, graindscf 
HCN, graidscf 
NH3, graindscf 
HS-, ppmw 
SCN-, 8/1 
s103~-, gA 
so*2-, gn 

3.50 0.15 - 
0.80 0.10 - 
5.50 3.85 >7.0 g/L 

1 ,ooo 
27-30 
50-70 
1040  

Source: Barry and Hernandez (1990) 
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Figure 9-13. Takahax plant-two absorbers in foreground: regenerator behind them on 
left side. Courtesy of GE Environmental Services, Inc. (GEESI) 

synthetic gas. Another important application of the Stretford process was its use as the 
hydrogen sulfide removal step of the Beavon Sulfur Removal Process (see Chapter 8). 

The process was initially licensed in Europe by W. C. Holmes Ltd., Huddersfield, UK. 
Holmes developed and introduced several proprietary improvements in the areas of gas pre- 
treatment, sulfur recovery, and waste-liquor treatment. This branch of the process, used primar- 
ily in coke-oven and town gas applications, became known as the Holmes-Stretford process. 
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In the US., the Parsons Corporation of Pasadena, CA, was the original American licensor 
for British Gas. Another licensor in the U.S. domestic market was the Pritchard Corp., which 
built Stretford plants for natural gas and refinery fuel gas treating applications. 

The Peabody Co. of Stamford, CT, acquired Holmes Ltd. in 1973, and gained access to 
the Holmes-Stretford technology. After the acquisition, the Holmes-Stretford process was 
licensed in Europe by Peabody-Holmes and was applied mainly to coke-oven gas plants. In 
the U.S., the Peabody Co. adapted the Holmes-Stretford technology to the American market, 
placing greater emphasis on coal gasification and geothermal gas clean-up. In 1986, the 
Peabody Co. was purchased by Fl&t Ltd. of Sweden, which later became part of ASEA 
Brown Boveri (ABB) Ltd. of Switzerland. Since the latest acquisition, the Stretford-Holmes 
technology has been licensed exclusively in the U.S. by ABB Environmental Systems, locat- 
ed in Norwalk, CT. 

At its peak in the 1970s, Stretford technology was offered by more than a dozen compa- 
nies worldwide, including Kobe Steel Ltd., British Gas Corporation, Sim-Chem Ltd., and the 
previously mentioned companies. 

The literature on the Stretford process is extensive. The general outline of the process has 
been described by Nicklin and Holland (1963A, B); Thompson and Nicklin (1964); Nicklin 
et al. (1973); Ellwood (1964); Ludberg (1980); Miller and Robuck (1972); Moyes and 
Wilkinson (1973A, B, 1974); Moyes et al. (1974); Carter et al. (1977); Penderleith (1977); 
Smith and Mills (1979); Wilson and Newell (1984); Vasan and Willett (1976); and Beavon 
(1973). 

The application of the Stretford process to the purification of natural gas has been dis- 
cussed by Nicklin et al. (1973) and by Moyes and Wilkinson (1974). The Holmes-Stretford 
process has been described by Moyes and Wilkinson (1973B) and by Vasan (1979). Other 
applications of the Holmes-Stretford technology to a geothermal unit and to direct treatment 
of gasification gas have been reported by Vasan (1978) and Mills and Mosher (1987), 
respectively. Vancini has described two applications: a unit treating a high-C02 geothermal 
noncondensable gas (Vancini and Lari, 1985), and a unit purifying high-pressure gasification 
gas (Vancini, 1985). The Beavon-Stretford combination process for Claus plant tail gas treat- 
ing has been described by Beavon and Brocoff (1976), and coke-oven gas applications have 
been described by England (1975) and Carter et al. (1977). A unit operating upstream of a 
Sulfinol plant has been described by Lindsey and Wadleigh (1979) and Kresse et al. (1981). 

A total of about 170 Stretford units had been built worldwide by 1987 with an average 
design capacity of roughly 8.1 long tons of sulfur per day (LTPD) (Trofe et al., 1987). Of the 
total, half have a capacity of less than 3.5 LTPD. The largest plant built to date is at the 
SASOL I1 plant in South Africa with a capacity of 310 long tons sulfur per day. In the US., 
the largest plant was the 105 LTPD Great Plains plant in Beulah, ND. Both of these plants, 
which treat Rectisol offgas, were later converted to the Sulfolin process to minimize corro- 
sion and chemical costs. As of 1992, more than 100 Stretford plants were still in operation 
worldwide, with an estimated total design sulfur removal capacity of 400,OOO long tons per 
year. Many of the Stretford plants that have been shut-down are coke-oven gas treating 
plants (Vancini, 1992). 

Process Chemistry 

Initial Process Chemktry. As initially conceived and described by Nicklin and Brunner 
(1%1A), the process utilized an aqueous solution containing sodium carbonate and bicarbon- 
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ate in the proportion of about 1:3, and sodium salts of the 2,6 and 2,7 isomers of anthraquinone 
disulfonic acid (ADA). The postulated reaction mechanism involved four steps: 

1. Absorption of hydrogen sulfide in alkali 
2. Reduction of ADA by addition of hydrosulfide ion to a carbonyl group 
3. Liberation of elemental sulfur from reduced ADA by interaction with oxygen dissolved in 

4. Reoxidation of the reduced ADA (by air) 
the solution 

Although this form of the process was tested successfully in commercial installations, it 
was soon found that certain inherent features imposed serious limitations on its economic 
development. The process was based on the oxidation of the hydrogen sulfide to sulfur by 
the ADA, and the oxidation reaction relied on the dissolved oxygen present in the solution. 
At the prevailing pH of 8.5 to 9.5, and at ambient temperature, the saturation concentration 
of dissolved oxygen in the ADA solution is approximately 10 milligrams per liter of solution. 
The small amount of soluble oxygen limited the maximum HS- loading to 40 milligrams per 
liter of solution. 

Furthermore, hydrogen peroxide, H202, was formed in the reoxidation step as a side-prod- 
uct of the reaction between ADA and oxygen. The hydrogen peroxide could oxidize hydro- 
gen sulfide to thiosulfate or colloidal sulfur: 

2H202 + 2HS- = 2H20 + (X) Ss + 20H- (9-38) 

As the rates of these reactions are comparable, free sulfur and sodium thiosulfate could be 
produced in roughly similar proportions. Hence, depending on the availability of hydrogen 
peroxide, any HS- loading in the ADA solution in excess of the maximum amount of 40 mil- 
ligrams per liter could be converted to either free sulfur or thiosulfate. 

The need to employ dilute solutions to prevent the formation of thiosulfate resulted in very 
large circulation rates and considerable power consumption. Furthermore, the formation of 
elemental sulfur was slow from an industrial standpoint, requiring large reaction tanks and 
large liquid inventories. In addition, to obtain satisfactory rates of hydrogen sulfide absorp- 
tion when treating gas streams containing appreciable amounts of carbon dioxide, partial 
decarbonation of the solution was required before recycle to the absorber. 

Final Process Chemistry. To improve the economics of the process, a number of com- 
pounds were screened as possible additives to increase both the solution capacity for hydro- 
gen sulfide and the rate of conversion of hydrosulfide to elemental sulfur. The compounds 
selected were vanadium salts (Nicklin and Holland, 1963A, B) since the combination of 
ADA plus vanadium proved to be remarkably effective. Hydrosulfide was reduced quite 
rapidly by vanadate to elemental sulfur, thus reducing the size of the reaction tanks. Also, by 
introducing vanadate as the oxidant, it was no longer necessary to rely on the oxygen dis- 
solved in the solution, thus permitting substantially higher solution loadings, while less than 
2% of the sulfur was converted to thiosulfate. Moreover, the vanadium-ADA system could 
work without loss of washing efficiency at a lower pH than the process with ADA alone. 
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This was a distinct advantage when treating gas containing high concentrations of carbon 
dioxide, because it eliminated the need for decarbonation of the working solution. 

Although vanadate reacts readily with hydrosulfide to produce sulfur, a solution contain- 
ing vanadate alone cannot be regenerated by blowing with air. However, in the presence of 
ADA, complete oxidation of reduced vanadate can be achieved, and the reduced ADA is 
readily reoxidized by contact with air. 

The overall oxidation reaction to convert H2S to sulfur can be represented as follows: 

The reaction is exothermic, with the heat of reaction amounting to 3,580 Btu per pound of 
sulfur. The overall reaction can be subdivided into three separate consecutive steps. These 
steps are: a) hydrogen sulfide absorption, b) conversion of hydrogen sulfide to elemental sul- 
fur, and c) vanadium reoxidation. 

The chemistry of the sequential process can be represented by the following simplified 
molecular reactions: 

H2S + Na2C03 = NaHS + NaHC03 (9-41) 

4NaV03 + 2NaHS + H20 = Na2V409 + 2s + 4NaOH (9-42) 

Na2V409 + 2NaOH + H20 + 2ADA = 4NaV03 + 2ADA (reduced) (9-43) 

2ADA (reduced) + 02 = 2ADA + 2H20 (9-44) 

Hydrogen Sul@de Absorption. In the Stretford process, the wash liquor in circulation 
typically contains a total of 30 grams per liter of sodium carbonate and sodium bicarbon- 
ate, whose proportions are established by the partial pressure of carbon dioxide above the 
solution. 
The first step in the process is the absorption of the hydrogen sulfide in the aqueous solu- 

tion, and is represented by equation 9-41. The hydrogen sulfide dissolves in water as hydro- 
gen sulfide, hydrosulfide ion, andor sulfide ion. The concentration of each species depends 
on the pH of the solution (Figure 9-14). 

When the pH value reaches nine, practically all of the molecular hydrogen sulfide 
becomes dissociated in the solution. Since the hydrogen sulfide in the gas phase is in equilib- 
rium only with the undissociated H2S in solution, the capacity of the solution for dissolving 
the H2S becomes limited only by the diffusion of the gas into the bulk of the solution. To 
maintain this high pH, an alkali, usually sodium carbonate, is added to the water. 

Although the rate of absorption is favored by high pH, the rate of conversion of the 
absorbed hydrogen sulfide to elemental sulfur is adversely affected by pH values above 9.5. 
The process is therefore best operated within a pH range of 8.5 to 9.5. 

Conversion of Hydrogen Sulfide to Elementcrl Sulfir. The form of sulfur that is ther- 
modynamically stable at ambient conditions is the rhombic form, S8. One of the most plausi- 
ble sulfur precipitation mechanisms involves the formation of polysulfides (SXZ-, where x = 
2-5) along with elemental sulfur. The S42- and SS2- polysulfide species are likely to predom- 
inate at the pH and HS- concentration typical of the Stretford liquor (Giggenbach, 1972). 
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Figure 9-14. Hydrogen sulfide species distribution diagram at 25°C. (Trofe et a/., 1987) 

Kinetic studies conducted by DeBerry (1989) suggest that the polysulfide formation reac- 
tion mechanism can be represented by the following equation: 

4HS- + 6V5+ = Sd2- + 4H+ + 6V4+ (9-45) 

The polysulfides can then react further with the pentavalent vanadium to form elemental 
sulfur: 

s.,- + 2v5+ = xs8 + 2v4+ (9-46) 

Because the oxidation of bisulfide ion (equation 9-45) is faster than the oxidation of poly- 
sulfides (equation 9-46), the rate at which polysulfides are formed is faster than their disap- 
pearance rate, and the Stretford solution should always contain unreacted polysulfides at 
equilibrium. This trend is also favored by the fact that polysulfide species can be formed by 
the direct reaction of elemental sulfur immersed in solutions containing bisulfide ions 
(Schwarzenbach and Fisher, 1960). 

Regardless of the actual mechanism, polysulfides play a major role in the sulfur formation 
in the Stretford process using pentavalent vanadium as the primary oxidant. A more detailed 
study of the reaction mechanism and kinetics of Stretford reactions was reported by Ryder 
and Smith (1962) and Phillips and Fleck (1979). 

The conversion of hydrosulfide ion to elemental sulfur can be represented in molecular 
form as described in equation 9-42. The overall reaction is quite rapid and is essentially a 
function of the vanadate concentration in the solution as shown in Figure 9-15 (Nicklin and 
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Figure 9-15. Effect of vanadate concentration on rate of reaction in Stretfurd solution. 

Holland, 1963A). According to Thompson and Nicklin (1964), the reaction rate can be 
approximated by a second order expression as follows: 

t = [ l/k(a - b)] x In [b(a - x)/a(b - x)] (9-47) 

Where: t = time in minutes 

and k = specific reaction rate constant, Y[moles/l)(hr)l 
a = initial concentration of vanadium in moledl 
b = initial hydrosulfide concentration in molesfl 
x = moledl of either hydrosulfide or vanadium reacted 

Numerical values for the rate constant as a function of pH are shown in Figure 9-16. The 
reaction rate decreases exponentially with increasing pH. The rate of reaction increases with 
the solution temperature, but high temperatures cause reduced absorption and reduced disso- 
ciation of dissolved HIS to HS-. In addition, increased temperature and pH accelerate the 
production of thiosulfate from side reactions. For these reasons, the best operating tempera- 
ture for the Stretford process is around 95°F. 

A general correlation for estimating the time required for conversion is given in Figure 
9-17. The values shown are based on a reaction-rate constant of 6,000 (pH about 8.5) and a 
vanadate concentration of 0.01 mole per liter. Such values are commonly found in industrial 
practice. For other values of the rate constant and molar concentrations, the reaction time is 
obtained by dividing the reaction time given on the graph by the value of the rate constant 
multiplied by the molar concentration (Thompson and Nicklin, 1964). 

Equation 9-42 shows that 2 moles of vanadate are required for each mole of hydrogen sul- 
fide. In industrial practice, an excess of vanadate is used to avoid overloading the solution 
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Figure 9-16. Rate of reaction versus pH for conversion of hydrosulfide to sulfur in 
Stretford solution. 
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Figure 9-1 7. Time of reaction versus percent conversion of hydrosulfide to sulfur in 
stretford solution. 
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with sulfide and subsequent formation of thiosulfate during solution regeneration. A concen- 
tration of V5+ of 0.3-0.5 grams per liter over that stoichiometrically required for the HS- 
absorption is commonly used. If the amount of vanadium in solution is insufficient to oxidize 
all the absorbed hydrogen sulfide, some vanadium may precipitate as a black vanadium-oxy- 
gen-sulfur complex. In a properly formulated solution, this problem is completely prevented 
by adding a small amount of chelating agents to the solution (Nicklin and Brunner, 1961B). 

When the oxidizing stage of the Stretford process is functioning correctly, the vanadium in 
solution is solely in its pentavalent form. The main advantage of using pentavalent vanadium 
as the oxidant is the increase in HS- loadings that can be achieved, since the HS- loading is 
no longer dependent upon the dissolved oxygen concentration. Theoretically, HS- liquor 
loadings in the range of 100 to 500 milligrams per liter can be reached. From a practical 
standpoint, the operational HS- loading limit is set by the tendency towards sulfur plugging. 
It is known that the probability of sulfur plugging problems increases almost exponentially 
when the HS- loading exceeds 300 milligrams per liter of solution. 

Vanadium Reoxidation. In the oxidizer, reduced vanadate is oxidized by ADA according 
to equation 9-43. Unlike pentavalent vanadium, tetravalent vanadium is largely insoluble in 
Stretford liquor. This insolubility is partially overcome through the use of chelating agents 
containing carboxylic groups, such as sodium citrate. Boron has also been reported to be 
effective in controlling the formation of vanadium sulfide by forming a boron-vanadium 
complex (Trofe et al., 1987). 

Reoxidation of quadrivalent vanadium in the oxidizer follows a complex mechanism. The 
reduced V* formed in the absorber can not be regenerated to the V5+ oxidation state by 
direct contact with air. It is the ADA redox cycle that produces the hydrogen peroxide capa- 
ble of oxidizing the vanadium, whereas the reduced ADA is easily reoxidized with air 
(Moyes and Wilkinson, 1973A). Figure 9-18 is a graphic interpretation of how the redox cir- 
cuits of vanadium, ADA, and oxygen are linked together in the Stretford process (Zwicky 
and Mills, 1980). 

Reoxidation of ADA by contact with air is fairly rapid. The oxidation rate is controlled by 
the diffusion of oxygen in the liquid. The oxygen diffusion increases with temperature, solu- 
tion pH, and contact time. The rate of oxidation can also be appreciably accelerated by the 
presence of small amounts of iron salts kept in solution by a chelating agent (Thompson and 
Nicklin, 1964). 

Because the ADA acts as an oxygen carrier, its concentration is not directly related to the 
vanadium molarity, but rather to the hydrosulfide ion loading and the maintenance of suffi- 
cient pentavalent vanadium in solution to satisfy the required oxidation rate in the absorber. 

Some of the ADA present in the Stretford solution is lost by an oxidative degradation 
process involving hydroxyl free radicals. ADA degradation losses of 0.18 wt% per day are 
typical. A method for controlling ADA consumption is to allow the concentration of thiosul- 
fate produced in the absorber to reach a minimum value of 3 wt%. Thiosulfate is an effective 
reducing agent, and acts as an oxidation inhibitor by reacting with the hydroxyl radicals. 

Secondary Reactions. In addition to the primary Stretford reactions, many secondary 
reactions take place under varying operating conditions. The most serious side reactions are 
the conversion of hydrosulfide to thiosulfate, and those involving hydrogen cyanide (when 
present in the feed gas). 

The Stretford liquor, when entering the absorber, contains dissolved oxygen taken from 
the air used in the oxidizer to regenerate the solution. Additional oxygen may be present in 
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Figure 9-18. Stretford process oxidation circuits (Zwicky and Mi//s, 79811). 

the sour gas. This oxygen reacts with unreacted HS- and unconverted polysulfides to pro- 
duce thiosulfate and sulfate anions. 

The principal oxygen-based reactions leading to the formation of thiosulfate in the 
absorber are (Trofe and DeBerry, 1991) 

2HS- + 2 0 2  = S2O3’- + H 2 0  (9-48) 

Sd2- + 0 2  + OH- = S2032- + HS- (9-49) 

Also, any HS- slip to the oxidizer can be converted to thiosulfate by the combined action 
of oxygen and hydrogen peroxide. Therefore, the system must have sufficient hold-up for the 
hydrosulfide to be oxidized to elemental sulfur before the solution is brought into contact 
with air in the oxidizer: 

Yet another source of thiosulfate ions is disproportionation of the precipitated sulfur in the 
alkaline solution: 

S8 + 80H- = 2S2032- + 4HS- + 2H20 (9-50) 
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The rate of formation of thiosulfate is not only dependent upon the degree of conversion 
of the hydmsulfide to sulfur prior to contacting with oxygen, but also on the pH of the solu- 
tion, the operating temperature, and the concentration of dissolved solids in the circulating 
Stretford liquor. The effects of temperature and pH are shown in Figures 9-19 and 9-20 

Figure 9-19. Effect of temperature on thiosulfate formation in strefford solution. 

PH 

Figure 9-20, Effect of pH on thiosuhte formation in Strefford solution. 
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(Nicklin and Holland, 1963A). The effect of increased alkalinity on thiosulfate formation is 
rather significant above a pH of 8.8. This effect is more pronounced in the reactions of 
hydrosulfide with dissolved oxygen. For instance, at an oxygen partial pressure of 7 psia in 
the sour gas, a rise in pH from 8.3 to 8.8 triples the amount of sulfur converted to thiosulfate 
(from 3 to 9%) (Nicklin and Holland, 1963B). Likewise, increasing the concentration of dis- 
solved solids in the liquor from 7 to 20% (by weight), doubles the sulfate formation rate. 

The conversion of elemental sulfur to thiosulfate (equation 9-50) increases as the tempera- 
ture of the solution goes up, becoming quite significant above approximately 120°F. This 
route to thiosulfate formation is particularly burdensome in Stretford units that melt the sul- 
fur directly without first separating the froth liquor (the froth contains only 5-8% sulfur) by 
filtration. 

In a properly operated plant, thiosulfate formation can be controlled at less than 1% of the 
sulfur in feed gas (Ludberg, 1980). The maximum concentration of sodium sulfate and thio- 
sulfate in the Stretford liquor is usually maintained between 25 to 30 grams per liter. Associ- 
ated with each of these sulfur anions is an equivalent amount of sodium cation that must be 
added to maintain ionic balance. Thus, the formation of soluble sulfur species increases alka- 
li makeup (usually soda ash). Also, the accumulation of sulfate, thiosulfate, and sodium ions 
in the solution makes it necessary to discard part of the solution periodically to maintain con- 
trol of the concentration of dissolved salts. This blowdown contributes to the loss of vanadi- 
um, ADA, and sodium carbonate. 

Effect of Carbon Dioxide Partial Pressure. The presence of carbon dioxide in the sour 
gas has two major effects in the Stretford process. The first effect is to lower the pH of the 
solution. The second and more important effect is to decrease the hydrogen sulfide absorp- 
tion mass transfer rate. 

When carbon dioxide is present in the sour gas at a partial pressure greater than about 0.2 
psia, it is partially absorbed by the Stretford liquor with the formation of bicarbonate and a 
consequent lowering of the pH. The lowering of the pH, unless buffered, would result in a 
lower reaction rate in the oxidation reaction of hydrosulfide to sulfur. 

The most significant effect of carbon dioxide is a decrease in the absorber mass-transfer 
rate for H2S. In the absence of CO,, the H2S mass transfer rate depends primarily on the par- 
tial pressure of hydrogen sulfide in the sour gas. However, when the sour gas being treated 
contains a high concentration of carbon dioxide, the absorption efficiency of the solution 
may be sufficiently lowered to require an appreciable increase in the absorber height (Nick- 
lin and Holland, 1963A). These effects are described in Figure 9-21. 

The decrease in the overall absorber efficiency is mitigated by the fact that the Stretford 
liquor has a high absorption selectivity for HzS as compared to COz (Garner et al., 1958). 
Figure 9-22 (Vancini, 1985) illustrates how selectivity varies with operating pressure in a 
cross-flow absorber as a function of the HS- loading in the Stretford liquor. The graph shows 
that if the absorber is operated at a typical load of 200 mg HSVliter and at a pressure of 50 
psig, the quantity of absorbed CO, amounts to one-tenth of the total present in the feed gas. 
The low CO, absorption capacity of Stretford liquors is one of the distinct advantages of the 
Stretford process. By utilizing a cross-flow contactor configuration, the absorption of carbon 
dioxide can usually be kept at acceptable levels unless the process is operated at elevated 
pressure. 

Effect of Inlet Gas Contaminants. Some components and trace contaminants present in 
industrial gases may cause serious operating problems in Stretford plants. Some contami- 
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Figure 9-21. Effect of CO, partial pressure on strefford solution pH and H2S mass 
transfer coefficient (Moyes and Wi/kjmn, 1974). Reprinfed witfi permission from 
Chemical Engineer, copyright 1974, Institution of Chemical Engineers 

nants may produce undesirable secondary reactions, which require increasing chemical 
makeup. Others may collect on the sulfur particles, causing discoloration and filtration rate 
reduction. Finally, a few components may physically hinder the regular operation of the 
St~tford plant, or may cause the formation of undesirable froth at liquid-gas interfaces. Rec- 
ognized trace contaminants that may cause one or more of the foregoing difficulties are 

1. Organic sulfur compounds, which include carbonyl sulfide, carbon disulfide, mercaptans, 

2. Condensable complex heavy hydrocarbons, all toxic to humans in various degrees (tar and 

3. Solid particulates (e.g.. fly ash, unburned coal, or rock dust) 
4. Metals (alkali and heavy) 
5. Acid gases, including HCN, HCl, and SO, 
6. Reactive gases, including oxygen and ammonia 
7. Foam producing compounds 

and thiophene 

oil). These may include substituted benzenes, naphthalenes, and furanes 

Organic sulfur compounds that may be present in industrial gas include carbonyl sulfide, 
carbon disulfide, mercaptans (mostly methylmercaptan), and thiophene. These contaminants 
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Figure 9-22. Selectivity of a crossflow Stretford absorber for COP as a function of HS- 
concentration and total pressure. (Vancini, 1985) 

are to be found particularly in gas from petroleum refinery and petrochemical plants, gas 
from coal processing such as carbonization and gasification, and tail-gas from the Claus sul- 
fur recovery process. Coke-oven gas, for example, typically contains 300-400 ppmv of 
organic sulfur, of which about 80% is CS2, 15% COS, and 5% thiophene (Fenton and 
Gowdy, 1979). 

Carbonyl sulfide and carbon disulfide pass more or less intact through the Stretford 
absorber, while about half of the thiophene is typically removed. Methylmercaptan is largely 
oxidized to dimethyl disulfide, DMDS, which is largely incorporated into the sulfur cake. 
Higher mercaptans are partially oxidized to disulfide, but most are released to the atmos- 
phere in the oxidizer, in some cases causing severe odor problems, which may require incin- 
eration of the oxidizer vent stream. 
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For any gas containing a high quantity of organic sulfur, a preliminary hydrolysislhydro- 
genation step may be necessary before introducing the gas into the Stretford unit. With this 
pretreatment, all organic sulfur species are converted almost quantitatively to H2S, which is 
then removed by the Stretford unit (Kouzel et al., 1977; Moyes et al., 1975). 

If the prevailing temperature of the working liquor is lower than the gas temperature, tar 
and oils in the sour gas to the Stretford absorber may condense in significant amounts. This 
situation can be prevented by fractional condensation, i.e., cooling the gas in several stages 
arranged in series, with condensate product removal after each cooler. Often, a recirculated 
oil medium, like kerosene, is injected into the raw gas ahead of the condensers to make tars 
more fluid. This type of quenching also collects a major part of the fly ash, soot, and heavy 
metals, many of which can form hard deposits during the initial gas cooling (Vancini, 1985). 
In coke-oven gas treating systems, a final electrostatic detarre.r is usually installed at the end 
of the pretreatment step before introduction of the cold sour gas into the Stretford unit. 

When present, alkyl benzenes tend to form droplets in suspension in the wash liquor. In 
the absorber, these droplets associate with precipitated sulfur particles and make it difficult 
to float-off the sulfur in the oxidizer. Whenever the alkylbenzene concentration of the sour 
gas exceeds 2 grams per actual cubic meter, the gas must be fractionally condensed and 
passed through an electrostatic detarrer (Moyes and Wilkinson, 1973A; Smith et al., 1976). 
The benzene and heavier aromatics (BTX) content of the sour gas should be reduced in the 
same way to ensure good quality froth in the oxidizer and limit foam formation inside the 
absorber. Holding the concentration of BTX below 5 grams per actual cubic meter of gas 
will usually be sufficient to prevent foaming problems. 

Phenolic compounds, polycyclic aromatic hydrocarbons, and tars, even in minute 
amounts, can produce discoloration of the sulfur, or reduce its dewatering ability. A maxi- 
mum content of 10 milligrams of tar per actual cubic meter of gas is usually acceptable. 
Naphthalene levels lower than 0.1 gram per actual cubic meter can be safely tolerated before 
absorber plugging becomes a problem (Moyes and Wilkinson, 1973A). 

Solid particulate materials and alkali metals in the treated gas can cause severe 
corrosioderosion problems in gas turbine applications. Solid particulates in the sour gas 
having a mean diameter greater than 10 microns are effectively removed by the absorber and 
end-up in the sulfur product. This may cause discoloration of the sulfur, and an increase in 
its ash content. The recommended maximum allowable particulate content is 40 milligrams 
of dust per actual cubic meter of sour gas feed. When an electrostatic detarrer is employed, 
the concentration of solid particulate is usually well below this value. 

Of the heavy metals that may be present as vapors in the inlet sour gas, mercury is the 
most significant. Mercury is sometimes present in gasification gas, but is more prevalent in 
geothermal noncondensable gas. The mercury content of geothermal gas can reach concen- 
trations of several milligrams per standard cubic meter (dry basis). Any mercury introduced 
to a Stretford plant ends up in the recovered sulfur, which may become a hazardous non- 
marketable waste product (sulfuric acid must contain less than 0.1 ppm of mercury to be 
marketable). Removal of mercury before the sour gas enters the Stretford unit can be accom- 
plished by adsorption in a bed of activated carbon (Coolidge, 1927; Otani et al., 1988; 
Habashi, 1978). Activated carbon catalyzes the oxidation of some H2S to sulfur, which 
remains adsorbed in the carbon bed. This sulfur reacts quantitatively with the mercury vapor 
content in the inlet gas forming HgS (Lovett and Cunniff, 1974). A residual concentration of 
less than 0.01 ppm mercury in the sour gas can be obtained by this method. 

Hydrogen cyanide, hydrogen chloride, and sulfur oxides are quantitatively absorbed and 
decomposed by the Stretford liquor, forming sodium thiocyanate, sodium chloride, and sodi- 
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urn sulfate. These contaminants accumulate in the circulating liquor in ionic form and 
increase the blowdown frequency. The need for frequent system purging increases the vol- 
ume of hazardous waste by-product generated. In addition, excessive blowdown increases 
chemical make-up costs because more fresh chemicals are required to maintain solution 
strength. A more detailed review of various methods available to cope with HCN is provided 
later in the Stretford liquid waste treatment discussion. 

The solubility of inlet gas oxygen in the Stretford liquor is a function of the oxygen partial 
pressure and the process temperature. Absorbed oxygen is undesirable since it initiates the 
oxidation of hydrosulfide ions to sulfate and thiosulfate. Some geothermal noncondensable 
gas may contain over 10 vol% of oxygen as a result of excessive air leakage into the turbine 
surface condenser, which is operated under vacuum. In this extreme situation, it has been 
reported that soda ash consumption is two to three times greater than normal. 

Ammonia in the inlet gas can react with solid sulfur to produce polysulfides (Penderleith, 
1977). The practice of introducing ammonia to remove sulfur deposits in the absorber 
(Steppe, 1986) can result in the release of ammonia in the oxidizer causing odor problems. 
The maximum allowable concentration of ammonia is about 0.1 grams of ammonia per stan- 
dard cubic meter of feed gas (Moyes and Wilkinson, 1973B). 

When a fresh charge of chemical makeup reagents (vanadium, ADA, and possibly chelat- 
ing agent) is introduced into a Stretford unit, some foaming may take place. After a period of 
a few hours, however, the foam usually subsides. Foam produced by the presence of 
saponifiable organics in the inlet gas (Smith et al., 1976) is more persistent. The primary cor- 
rective measure to combat this situation is the addition of nonionic surfactants having sepa- 
rate functional groups, part soluble in water and part soluble in the organics (for instance, 
Percol, Primafloc, Pluronics). Care must be exercised not to use excessive amounts of 
antifoaming agents because they may hinder sulfur flotation in the oxidizer. For this reason 
their concentration is seldom allowed to exceed a few milligrams per liter of wash liquor. 
Borax on occasion can also reduce foaming (Vancini, 1986). 

Process Description 

A schematic flow diagram of a typical low-pressure Stretford unit is shown in Figure 9-23. 
The sour gas is contacted countercurrently with the Stretford solution in the absorber, where 
practically all the hydrogen sulfide is removed. The treated gas may contain less than 1 ppm 
of hydrogen sulfide. The rich solution flows from the absorber to a delayed reaction tank, 
where the conversion of hydrosulfide to elemental sulfur is completed, and the sulfur precip- 
itates in the form of fine particles. The delay tank may be the bottom of the absorber or a 
separate vessel. From the delay tank, the solution flows to the oxidizer, where it is regenerat- 
ed by intimate contact with air. In the oxidizer, the sulfur is separated from the solution by 
flotation, and is removed at the top as a froth containing about 5-8% solids. The regenerated 
solution, containing typically less than 0.5 wt% suspended sulfur, is recycled to the absorber. 

The sulfur froth is collected in a slurry tank and subsequently processed in a filter or cen- 
trifuge to remove the solution remaining in the froth. It is usually necessary to wash the sul- 
fur-cake with at least 2 pounds of water per pound of sulfur to recover most of the chemicals 
contained in the solution and to produce relatively pure sulfur. To maintain the system water 
balance, wash water and water produced by the reaction have to be evaporated, either with 
the vent gas in the oxidizer or in a separate evaporator, depending on the quantity of water 
involved. The sulfur-cake, which contains about 50 to 60% solids, may be further processed 
by melting in an autoclave. In this manner high grade liquid or solid sulfur is produced. If 
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marketable sulfur is not produced, the sulfur-cake from the filter must be disposed of as a 
toxic waste. 

The process is also applicable to the treatment of high pressure gas, such as the product 
from a pressurized coal gasification unit (Vancini, 1985). The major modification required is 
the inclusion of a flash tank to release physically dissolved gas from the solution leaving the 
absorber. The rich solution is flashed to about 10 psig. The flash gas does not contain a sig- 
nificant amount of H2S, and in large plants may be sent to an expander for energy recovery. 
A photograph of a Stretford plant treating geothermal noncondensable gas is shown in Fig- 
ure 9-24. 

Design and Operation 

Absorber Configuration. The fundamental steps in the absorption process are the mass 
transfer of H2S from the gas to the liquid and the oxidation of the HS- to sulfur (Vancini and 
Lari, 1985). The absorption of hydrogen sulfide can take place in one or more contact stages, 
with the gas washed by the Stretford liquor either countercurrently or cocurrently. A subse- 
quent delay tank allows enough residence time to convert major portions of the absorbed 
H2S to elemental sulfur. 

Under steady-state conditions, each gas-liquid contact device will reduce the hydrogen 
sulfide in the gas from a partial pressure [H2SIin at the inlet to a partial pressure [H2S],,, at 
the outlet. Given the very small residual partial pressure of H2S over the Stretford liquor, the 

. _.--.-- 
I 

Figure 9-24. Stretford plant on geothermal, noncondensable gas. Courtesy of ABB 
Environmental Systems 
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expression for the Number of Transfer Units, [NTU],, required to reduce an inlet concen- 
tration [H2SJin to an outlet concentration [H2SlWl in the absorber becomes 

(9-5 1) 

In industrial practice, the absorber may be any efficient gas-liquid contacting device, and 
its configuration depends on the sour gas H2S concentration and the desired removal effi- 
ciency. Several designs can be effectively used: 

1. Packed tower 
2. Spray tower 
3. Venturi 
4. Plate tower 

The design choice is normally the approach that provides the most convenient and eco- 
nomical method of obtaining the required number of transfer units [NTUJ,. Generalized 
expressions for the number of transfer units attainable with various types of contactors used 
in the Stretford process have been reviewed by Vancini and Lari (1985). 

Packed towers are used primarily in applications that require high removal efficiency, 
[NTU],, >3, but where the hydrogen sulfide inlet gas concentration is relatively low. When 
the hydrogen sulfide concentration of the sour gas is higher, and plugging of the packed 
tower may be a problem, a spray tower can be installed ahead of the packed column to lower 
the concentration of H2S reaching the inlet of the packed section of the absorber. In this type 
of application, the HS- loading of the wash liquor is kept low by increasing the liquidgas 
ratio in the absorber. 

Venturi absorbers are also used when there is a high concentration of H2S in the feed gas. 
Venturi absorbers (Rothery, 1986) are typically of the jet-type. That is, the liquor is intro- 
duced through a single nozzle at a pressure sufficiently high to drive the gas through the 
throat section of the venturi without significant pressure drop. In venturi-jets, the mass 
transfer between gas and liquid occurs across the boundary layer on the surface of the 
droplets produced by the spray nozzle. Venturi absorbers are less efficient than packed 
columns, and are used in applications where the required number of transfer units [NTU],, 
ranges from 1.5 to 2.5. 

Plate towers can be utilized in high removal efficiency applications, even at medium H2S 
concentrations. The preferred design for Stretford applications uses weeping trays, thus 
avoiding the chance of downcomer plugging. For low-CO, gases, each tray is reported to be 
equivalent to 0.6 transfer units. 

Oxidizer Configuration. Several types of oxidizers have been employed (Thompson and 
Nicklin, 1964). The simplest and most commonly used is a vertical tank containing an air 
distribution device at the bottom. The liquid and air flow concurrently upward, and the sulfur 
froth is removed by overflowing a weir at the top of the vessel. The liquor, which is essen- 
tially sulfur free, is withdrawn at a point located below the top of the oxidizer. 

There are two basic types of air distribution devices: (1) circular perforated plates, and (2) 
eductor mixers. 

The air needed to oxidize the vanadium and froth the sulfur can be introduced through cir- 
cular perforated plates located at the base of the oxidizer. Two-millimeter holes are typical, 
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with a pressure drop across the holes of 4-6 inches of water (Moyes and Wilkinson, 1973A). 
The total air pressure must, of course, be sufficient to overcome the head of liquid in the oxi- 
dizer as well as the pressure drop across the plate. Each plate is approximately 16-32 inches 
in diameter. The number and arrangement of the plates, as well as the hole pattern within 
each plate, are designed to obtain good bubble distribution in the oxidizer cross section. 

Eductor mixers introduce the air through tiny holes in the throat of small venturis installed 
on separate pipes transfemng the liquor from the delay tank to the oxidizer. The large shear 
force at the air-liquor interface provides a high mass-transfer coefficient between the oxygen 
and the liquor. The air then bubbles upward through the oxidizer to accomplish the sulfur 
flotation (Vancini and Lari, 1985). 

The design of an oxidizer is fully defined by three basic parameters: (1) the required air 
flow, (2) the oxidizer diameter, and (3) the useful liquid volume. The required air flow is 
directly proportional to the amount of sulfur being produced and inversely proportional to the 
useful height of liquid in the oxidizer. The value of the latter proportionality constant corre- 
sponds to an oxygen utilization of 0.647% per foot of useful liquid level in the oxidizer. 

The oxidizer diameter is directly proportional to the required air flow and inversely propor- 
tional to the square root of the air specific gravity (taken at the bottom of the oxidizer at the 
liquor temperature). To obtain good sulfur flotation, the air flow rate is 2.5-3.0 actual cubic 
feet per minute per square foot of cross-sectional oxidizer area (Nicklin and Holland, 1963B). 

The volume of liquid retained in the oxidizer is directly proportional to the liquid flow rate 
(and therefore the amount of sulfur being produced) and the required residence time. The 
required residence time depends on the number of oxidizers. When one oxidizer is used, the 
residence time should be around 45 minutes. With two oxidizers in series, the total residence 
time in both oxidizers should not exceed 30 minutes. 

The multi-oxidizer configuration provides better efficiency for oxygen mass transfer. The 
clear liquor from the f i t  oxidizer is fed to the second oxidizer and sulfur froth is removed 
from the top of both oxidizers. Often the air volume is apportioned so that a higher air flow 
rate is introduced into the first oxidizer (to increase oxygen mass transfer through greater tur- 
bulence) and a lower air flow rate to the second oxidizer (to facilitate sulfur flotation). 

Reagent Consumption. The main chemical reactants present in the Stretford solution- 
vanadium, ADA, and chelating agents-are continuously lost with the produced sulfur. This 
chemical loss is a function of the quantity of sulfur recovered, the amount of liquor retained 
by the filtercake, the concentration of each chemical in the Stretford solution, and the wash- 
ing efficiency. With regard to carbonate alkalinity, the amount removed from the system 
depends not only on the factors already enumerated, but also on the extent of secondary oxi- 
dation reactions. 

In summary, the required chemicals make-up is a function of 

Chemicals physically removed by the wet sulfur-cake 
Chemicals lost by decomposition in the redox environment (especially ADA) - Chemical inventory change in the system needed to achieve the optimum liquor composition 

It is common practice to adjust the Stretford solution composition when the gas flow rate 
or composition differs from the design values. Table 9-12 gives an example of composition 
adjustment following the reduction of hydrogen sulfide loading in a typical Stretford plant. 

High reagent consumption in a Stretford system can be experienced when some of the fol- 
lowing conditions exist: 
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Table 912 
Comparison BenNeen Design and Optimum Operating Conditions fur a 

Typical strefford Plant 

Design Conditions at Optimum Conditions at 
Liquor Composition 100% Load 40% Load 

~~ 

Vanadium, glL 1.34 0.86 
ADA, g/L 2.14 1.93 
Na Alkalinity, g/L 5.50 4.50 
Source: Vancini and Althem (1985) 

Solution temperature greater than 120°F 
pH greater than 8.8 
Insufficient ADA or vanadium levels 
Unbalanced Stretford liquor composition 
Excess oxidizer residence time 
Absorber overloading with HS- 
Insufficient residence time in the delay tank 
Excess levels of suspended sulfur and suspended solids in the liquor 

Muterids of Conshzrction. Stretford plant vessels are constructed primarily of carbon 
steel, with inert linings (for example, cold-cured epoxy resins) for the oxidizer and the sulfur 
slurry tanks. Stainless steel impellers are recommended for circulating pumps wetted by 
Stretford liquor and sulfur slurry pumps. Care should be taken to avoid sulfur deposits on 
unprotected metal faces (Sundstrom, 1979; Edwards, 1979). Piping is usually carbon steel, 
with the exception of the absorber inlet and outlet gas lines, which are fabricated of 316 
stainless steel or fiberglass. Corrosion studies of Stretford plants were performed by Wessels 
(1980) and Hanck et al. (1981). 

Surfur Recovery. The sulfur froth that is collected in the slurry tank consists of Stretford 
liquor containing 5-8 wt% sulfur. Stretford process sulfur recovery begins with an initial 
dewatering stage to separate the liquor remaining in the sulfur froth from the sulfur particles. 
The equipment most commonly used for this purpose is a filter, but in large plants cen- 
trifuges are sometimes used instead of filters (Moyes et al., 1975). 

Most plants utilize a vacuum rotary-drum filter. The vacuum is applied internally and pro- 
vides the driving force to draw the solution through the filtercake. Removal of the cake from 
the drum is critical (Herpers and Korsmeier, 1979; Grande, 1987). The use of cutting knives 
has been found to be impractical. Instead, cake removal is generally accomplished by revers- 
ing the pressure profile across part of the filter and blowing air intermittently through the fil- 
tration surface in an outward direction. This procedure dislodges the filtercake from the filter 
cloth and helps to prevent filter cloth blinding by small particles in the Stretford sulfur (typi- 
cal mean particle size equals 30 microns) (Foxall, 1986). 

Washing of the cake is performed with demineralized water, but typically only two or three 
liquid displacements can be obtained due to the inherently small wash area available on a 
rotary-drum filter. The washed filtercake (50 wt% sulfur) can be melted batchwise in a pres- 
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surized (50-70 psig) stainless-steel autoclave. Internal steam coils heat the sulfur plus the 
interstitial liquid to 280°F to reduce its viscosity without reaching the boiling point of the 
mixture. The total melting operation can take up to 20 hours, with half of the time needed for 
sulfur melting, and the remaining time required to separate the molten sulfur from the residual 
liquor. The supernatant liquor liquid phase, which contains almost all the Stre.tford solution 
chemicals, is flashed into a knock-out drum, and then flows by gravity to the oxidizer vessel. 

The molten sulfur phase is discharged from the bottom of the autoclave into a heated sulfur 
pit. The purity of the recovered molten sulfur obtained with this method depends primarily on 
the quality of the wet sulfur-cake introduced in the autoclave. If the cake is produced with one 
filtration, the sulfur purity may still exceed 99.8%. Usually the ash content will range from 
0.02 to 0.04 wt%, and the vanadium content will be less than 7 ppmw (Trofe et al., 1987). 

The purity of the sulfur produced can be further upgraded (Vancini, 1988) by employing two 
consecutive filtrations and using an intermediate resluny step with demineralized water. This 
method reduces the ash and heavy metals content of the sulfur to less than 0.005% ash and less 
than 1 ppmw vanadium, which is usually well below mandated environmental regulation lim- 
its. This may enable the Stretford plant operator to produce marketable sulfur if so desired. 

Herpers and Korsmeier (1979) have reviewed the methods used to purify Stretford sulfur. 
Typical specifications of sulfur for sulfuric acid manufacture are reported in Table 9-13 
(Sundstrom, 1979). 

Sulfur can be shipped in the molten state in tank cars or trucks, but the safest and most 
convenient means of transportation is in solid form. This is most commonly accomplished by 
pelletizing the sulfur in the shape of pastilles (Kessler and Kwong, 1987). The typical bulk 
specific gravity of sulfur in pastille form is close to 1.40. 

When it is not economically attractive to produce marketable sulfur, the filtercake must be 
considered a hazardous waste and disposed of accordingly (Vancini, 1988). In general, this is 
the case for plants whose production capacity is below half a ton of sulfur per day (dry basis). 

Bacterid Growth. One problem encountered in many Stre.tford plants treating gas streams 
other than coke-oven gas is contamination of the system by bacterial growth (Sundstrom, 
1979; Bromel, 1986). The problem can also be present but is quite rare in coke-oven gas or 
geothermal applications. The absence of bacterial contamination in these two types of Stret- 
ford plants is due to the presence of thiocyanate in the former, and boron compounds in the 
latter (boron in geothermal steam originates from radioactive decay within the earth’s mantle). 

Bacteria in the Stretford solution were f i t  discovered in 1978 in a solution sample from a 
petroleum refinery in Illinois (Wilson and Newell, 1984). The British Gas Corporation insti- 

Table 4 1  3 
Typical Sulfur Specifications For Sulfuric Acid Manufacture, wt% lmpwity 

Sulfur, min. 99.5-99.7 
Ash, m a .  0.005-0.02 
Carbon, max. 0.05-0.10 
Chloride, max. 0.005-0.006 
Water. max. 0.05 

~~ 

Source: Sundstr6m (1979) 
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tuted an in-depth investigation to elucidate this phenomenon. Several strains of bacteria were 
identified, belonging to the Pseudomonas and Thiobacillus groups. 

The problems created by bacteria build-up in Stretford plants vary in their degree of sever- 
ity, but usually fall into several general categories: 

- Increased consumption of alkali due to lowering of pH 
Uncontrollable foaming rather than nonnal sulfur froth 
Sulfur that is sticky and tends to adhere to all surfaces 
Absorber plugging 
Corrosion of carbon steel equipment 
Sulfur contamination as determined by carbon analysis 
Increasing occurrence of secondary reactions, with oxidation of thiosulfate to sulfate and 
sulfuric acid 

To combat these problems a number of biocides have been developed whose efficacy 
varies from plant to plant depending on the type of bacterial strain present and plant operat- 
ing conditions. Of the many biocide compounds tested, those releasing bromine or formalde- 
hyde have been found to be the most effective. The required dosage is about 1,OOO ppm or 
less. Thiocyanate addition can also be used to hinder the growth of bacteria, although like all 
other biocides, it undergoes gradual decomposition and thus requires constant make-up. 

Characteristics and Treatment of Waste streams 

Several Stretford process waste streams require careful consideration. These waste 
streams include 

Gas streams: treated gas when vented, oxidizer vent gas, evaporator off-gas 
Liquid streams: Stretford liquor bleed, HCN unit bleed, sulfur melting water-phase bleed 
Solid waste: sulfur-cake, when not marketed or when hazardous 

Waste Streams. Treated gas can be a product, like a combustible gas, or an emission 
to be disposed of. An example of the latter is the noncondensable gas emitted from geother- 
mal power plant gas purification units. This stream is a treated waste gas and is vented to the 
atmosphere after being diluted with cooling-tower ventilation air. 

Oxidizer vent gas is usually vented directly to the atmosphere. It consists of air (depleted 
of oxygen), water vapor, and traces of gas stripped from the Sretford liquor, typically CO, 
C02, ammonia, hydrocarbons, and organic sulfur vapors. Of these gas components, mercap- 
tans are the most objectionable because of their strong odor. Incineration, although expen- 
sive, is the most reliable way to cope with odor problems. 
The hydrosulfide oxidation reaction produces water, which accumulates in the Stretford 

liquor. Other major sources of water are the sulfur wash water and the dilution water associated 
with the fresh chemicals makeup solution. Water vapor in the oxidizer vent gas and other evag 
oration losses are normally insufficient to water balance the process, and a small evaporator is 
commonly used to remove additional water from the system. This evaporator takes a side 
stream from the circulating liquor loop and evaporates any excess water with air. The evapora- 
tor is rather small and evaporator off-gas emission contributions are usually negligible. 



792 Gas Purflcation 

Liquid Waste Streams. Liquid waste streams may create disposal problems in Stretford 
systems (Tallon et ai., 1984). Secondary reactions produce a limited quantity of thiosulfate 
and sulfate soluble salts. The concentration of dissolved salts in the circulating liquor 
increases until an equilibrium is reached between the amount of salts being formed and the 
amount of salts being removed in the sulfur-cake. If conditions are such that the dissolved 
salt concentration in the circulating solution reaches 25 wt%, some liquor has to be bled 
from the system. 

The typical composition of a Stretford bleed stream is as follows: 

Alkali (as Na2C03) 12 grams per liter 
Vanadium (as NaVO,) 5 grams per liter 
ADA 2 grams per liter 
Na2S203 (anhydrous) 240 grams per liter 
Na2S04 60 grams per liter 

This bleed stream is a toxic substance and must be treated before disposal. Several treat- 
ment processes have been used with various degrees of success (Yan and Espenscheid, 
1980). These treatment methods can be broadly grouped into two generic categories: biologi- 
cal and chemical treatment. 

Biological treatment uses several species of bacteria to convert thiosulfate to a non-toxic 
form. The bleed stream is first diluted so that the maximum S2032- concentration does not 
exceed 0.5 gramsfliter (Moyes and Wilkinson, 1973A). This treatment process operates at a 
pH below 7.5 and a maximum temperature limit of 75°F. A minimum residence time of 12 
hours in the bacterial tank is also required. Biological treatment can also be used for the liq- 
uid bleed from HCN removal units. In this application, a concentration of 1 gram of SCN- 
per liter of waste solution is the maximum thiocyanate level tolerated by the bacteria. 

Biological treatment, like other proposed treatments (multiple-effect evaporation, high-tem- 
perature incineration) does not recover either the salts or the Stretford reagents in the liquid 
waste stream. A chemical method that was proposed to recover all inorganic compounds as 
reusable reagents was the fmed salts reductive incineration method developed by Peabody- 
Holmes and described by Smith and Mills (1979) and Carter et al. (1977). Unfortunately, the 
first commercial plant could not overcome recurrent operating problems and was eventually 
shut down. A similar regeneration process, based on a modification of the same basic concept, 
has since been proposed by Nittetu Chemical Engineering Ltd. (hhtachi et al., 1981). 

Another approach to regenerating Stretford solutions has been proposed by the British Gas 
Corporation (Wilson and Newell, 1984). However, this process is only applicable to plants 
treating gas containing HCN in no more than trace amounts. The process involves the acidic 
decomposition of thiosulfate to produce elemental sulfur and sulfate. During the process, the 
sodium carbonate in the solution is neutralized by sulfuric acid. The ADA is not affected by 
the acidification process. The sulfur produced by the British Gas process is very coarse and 
granular and can be separated by known techniques. After separation of the sulfur, sodium 
sulfate decahydrate is crystallized at low temperature to prevent destruction of ADA. If 
desired, the crystals can be further processed to anhydrous sodium sulfate. The first commer- 
cial application of this process was in 1990 by Global Sulfur Systems Inc., at a Northern Cal- 
ifornia Power Agency geothermal power plant near Healdsburg, CA. In the test, the thiosul- 
fate content of the spent Stretford solution was reduced from 370 to 95 g/liter, and the 
treated solution was reused in the Stretford process. 



Liquid Phase Oxidation Processes for Hydrogen Sulfide Removal 793 

An integrated system to remove ADA and vanadium has been proposed and tested by 
Dow (Pack, 1986). The Dow Stretford Chemical Recovery Process is a patented process for 
purging thiosulfate while recovering ADA and vanadium for recycle back to the Stretford 
unit. The process consists of three unit operations: filtration, activated carbon adsorption, 
and ion exchange, run as a semi-batch cycle (Hammond, 1986). 

A schematic diagram of this process is shown in Figure 9-25. A slipstream of the main 
Stretford solution is pumped through porous tubular filter units. The filtration section 
removes sulfur particles that could interfere with the performance of the activated carbon or 
the ion exchange resin. A small fraction of the filtered slipstream is then passed through acti- 
vated carbon and ion exchange beds in series. The activated carbon recovers the ADA from 
the purge stream, while the ion-exchange resin removes the vanadium. After the activated 
carbon and ion exchange beds are fully loaded, they are simultaneously regenerated, thus 
recovering the ADA and vanadium. Four percent caustic soda is used to remove the vanadi- 
um from the ion exchange resin. The effluent from the resin bed is then heated and used to 
strip the ADA from the activated carbon. A system flush follows to lower the pH in the resin 
bed and to cool the activated carbon before the bed can be reloaded. 

One major difficulty often encountered in the commercial application of the Stretford 
process to coke-oven gas plants is caused by the presence of hydrogen cyanide in the feed 
gas. In the Stretford process, hydrogen cyanide is co-absorbed with other acid gases and con- 
verted to thiocyanate during the regeneration of the spent solution. High concentrations of 
thiocyanate reduce the effectiveness of the treating solution, and continuous discharge of a 
side stream and addition of fresh chemicals is required to maintain solution strength. 
Because of the toxicity and high chemical oxygen demand of the waste stream, its disposal 
can create a serious pollution problem. 

A review of methods used to cope with the cyanide problem in coke-oven gas desulfur- 
ization was presented by Massey and Dunlap (1975). One approach is pretreatment of the 
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Figure 9-25. Loading step in the Dow strefford chemical recovery process. (Pack, 1986) 
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gas prior to its entry into the desulfurization unit, either by washing with water or with a 
polysulfide solution containing suspended sulfur. Detailed operating experience with poly- 
sulfide scrubbers for hydrogen cyanide removal has been reported by Penderleith (1977), 
Carter et al. (1977), and Donovan and Laroche (1981). Two hydrogen cyanide removal 
units used by Dofasco, Inc. at Hamilton Ontario, Canada, have been described by Donovan 
and Laroche (1981). One unit used a polysulfide scrubbing solution and the other unit uti- 
lized an aqueous ammonia scrubbing liquor. In the first unit, the purge stream was 
processed in a Fixed Salts Recovery Plant, and in the second unit, the effluent spent solu- 
tion was processed for chemicals recovery in a Zimpro wet air oxidation process. See the 
“Effect of Feed Contaminants” section in the SulFerox process discussion for additional 
information on cyanide removal options. 

Hiperion Process 

The Hiperion process is a modified version of the Takahax process. Prior to 1994, the 
process was licensed in the U.S. by Ultrasystems Engineers & Contractors of Irvine, CA. In 
the Hiperion process, the active catalyst is a combination of naphthoquinone with chelated 
iron, which is claimed to considerably reduce the reoxidation residence time requirement 
when compared to the Takahax process (Dalrymple and Trofe, 1989). Since the volume of 
liquid needed in the oxidizer, and consequently the vessel size, is proportional to the resi- 
dence time requirement, the change in solution chemistry is intended to reduce capital costs 
and make the process more attractive economically. 

Besides altering the chemical properties of the scrubbing solution, the creators of the 
Hiperion process also sought to develop an oxidizer configuration that, while inhibiting sul- 
fur plugging, would provide a better gas-liquid mass transfer coefficient than a conventional 
packed bed. The improved mass transfer coefficient should result in more effective oxygen 
utilization and lower air flow requirements. To accomplish their objective, they designed a 
new packing medium and elected to operate the oxidizer as a turbulent bed. 

Basic Chemistry 

The first step in the basic reaction chemistry is similar to that of other liquid redox 
processes. That is, hydrogen sulfide is dissolved in an alkaline solution where it dissociates 
to a bisulfide ion and a proton: 

HZS = HS- + H+ (9-52) 

As shown in Figure 9-14, this reaction is pH dependent. At pH values below 7, undissoci- 
ated H2S is the predominant species, and above pH 12 the S2- ion becomes significant. Since 
the oxidant used in this process reacts with the HS- ion, it is critical that the pH be main- 
tained between these values. The optimum pH range has been found to be 8-9. 

In the Hiperion process (Douglas, 1990A, B), the HS- ion is oxidized by the naphtho- 
quinone (NQ) chelate to elemental sulfur and the quinone is reduced to the hydroquinone 
form (HNQ): 

NQ:Chelate + 2HS- = HNQ:Chelate + 2 s  (9-53) 
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The hydroquinone chelate is subsequently reacted with oxygen in atmospheric air to form 
the quinone chelate and hydrogen peroxide: 

HNQ:Chelate + O2 = NQ:Chelate + H202 (9-54) 

The reoxidized quinone chelate is returned to the absorber column thus completing the cycle. 
In addition, since hydrogen peroxide is an extremely active oxidation agent, it reacts read- 

ily with residual unreacted bisulfide ion to form sulfur and water: 

H202 + HS- = H20 + OH- + S (9-55) 

An additional benefit of the hydrogen peroxide produced by reaction 9-54 is its effectiveness 
as a biocidal agent, thus suppressing the growth of biological organisms without the use of 
other bacteria-prevention chemicals. 

Turbulent Bed Mass Tmnsfer Packing 

The reactions taking place in the absorber and the reoxidizer are claimed to be almost 
instantaneous. In the absorber, the driving force for the absorption of H2S into the liquid is 
the concentration of H2S in the feed gas. Theoretically, the concentration of H2S in the treat- 
ed gas can be effectively reduced to near zero if sufficient mass transfer area is provided. 
Thus, effective mass transfer equipment is essential to the operation of the process. 

In addition to providing effective contact between gas and liquid, the absorber must also 
be resistant to sulfur plugging. Solid elemental sulfur has a tendency to adhere to and coat 
commercially available random packing. Because of this sulfur property, the performance of 
a conventional packed bed in the oxidizer vessel, where the sulfur slurry is fed to the top of 
the column, would be questionable. 

The creators of the Hiperion process sought to develop a packing medium which would 
provide effective mass transfer and inhibit sulfur plugging. They chose to design both the 
absorber and oxidizer as turbulent bed contactors, operating in a high gas velocity regime, 
under incipient fluidization conditions. To meet these conflicting specifications, a packing 
was developed which consisted of open, internally finned balls. This characteristic shape 
increased the available contact surface by making the internal surface of the spheres avail- 
able for mass transfer. 

The packing configuration also enhances fluidization efficiency by breaking up large gas 
bubbles into smaller ones. One additional feature of the packing elements is the ability to 
promote turbulent motion in the bed. This effect was achieved by supporting the balls’ inter- 
nal fins on vanes that impart a rotational motion by gas and liquid impingement. The turbu- 
lent movement of the packing elements is claimed to inhibit sulfur deposition. 

Process Description 

The process flow diagram for a typical Hiperion H2S removal unit is shown in Figure 9-26 
(Douglas, 1990A). The main equipment consists of two reaction vessels-an absorber and an 
oxidizer. The sour gas enters the bottom of the absorber column and flows upward through a 
stacked series of beds where it is contacted by downflowing catalyst solution. The H2S is 
oxidized to elemental sulfur which forms a slurry in the catalyst solution. The overhead 
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sweet gas flows through a knock-out drum equipped with a mist eliminator (not shown) and 
is recovered as clean gas. 

The spent solution from the bottom of the absorber flows to a settler where elemental sul- 
fur is separated from the solution by gravity settling. The spent solution, free of elemental 
sulfur, overflows a weir and is collected in a separate compartment of the settler before being 
pumped to the top of the oxidizer column. In the oxidizer, the spent catalyst solution is con- 
tacted with air over beds of the specially designed packing. The spent solution is thereby oxi- 
dized back to the naphthoquinone chelate form and isthen pumped back to the absorber. 
Vent gas from the oxidizer can be discharged directly to atmosphere or used as combustion 
air in a furnace. 

The sulfur slurry that accumulates in the bottom of the settler vessel is periodically with- 
drawn and pumped through a plate and frame filter press where the sulfur is removed and the 
filtrate is returned to the process. The filtercake is then water washed and air blown to mini- 
mize catalyst losses (not shown). The wash water is returned to the system where it serves as 
a primary source of make-up water to replace that lost by evaporation. The water wash and 
air blow cycle are the determining factors in the chemical makeup requirements of the 
process. A small amount of catalyst concentrate is added after each filtration cycle to replace 
fdtercake losses. It is claimed that no catalyst degradation occurs under normal operating 
conditions. The only other chemical make-up requirement consists of a small amount of 
alkaline solution for pH control. 
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The dried filtercake consists of 95-98 wt% sulfur. The sulfur product contains no heavy 
metals or hazardous constituents and is suitable for disposal in a Class I1 landfill or for fur- 
ther purification and sale. 

The first commercial application of the Hiperion process in the U.S. was at the Huntway 
Oil Company Refinery in Benicia, CA (Douglas, 1987). The process was installed in an 
asphalt unit where it is part of an indirect method for removing hydrogen sulfide from heavy 
gas oil. In this application, heavy gas oil is stripped of hydrogen sulfide in a trayed column 
by a recirculating nitrogen stream. The H2S laden nitrogen is then fed to the Hiperion 
absorber column where the HIS is converted to sulfur. The treated nitrogen stream is then 
recirculated back to the vacuum gas oil stripper to be reused as stripping gas. 

The unit was designed for a nitrogen flow rate of 200 scfm at 20 psig with an H2S concen- 
tration in the sour gas of 4,000 ppmv. However, after being put into service, the H2S concen- 
tration of the nitrogen stream increased to between 10,OOO and 20,000 ppmv. After some 
design modifications, the unit has operated satisfactorily at the new sulfur loading and 
removes over 40 tons of sulfur annually. 

A second Hiperion unit was installed in 1989 in a California refinery (Douglas, 1989). The 
treated stream is a vacuum distillation column offgas, produced at low volume, but with a rel- 
atively high H2S concentration. Because of the low flow rate of the sour gas (less than 50 
scfm), and the high design basis H2S concentration (greater than 10 wt%), this unit was 
designed with a recycle stream of treated gas which mixes with the incoming sour gas. This 
approach limits the concentration of H2S in the feed gas entering the absorber column and 
reduces the tendency of sulfur to deposit in the absorber. The treated gas from this unit, which 
is required to contain less than 100 ppmv of &S, is used as fuel gas in a refinery h a c e .  

Sulfolin Process 

The Sulfolin process is an aqueous phase oxidative H2S removal process closely related to 
the Stretford technology. It was developed by Linde AG for gas streams having a relatively 
low hydrogen sulfide concentration. The first commercial application of the Sulfolin process 
was in 1985 at the Sasol II sulfur recovery plant in Secunda, South Africa. The unit consisted 
of one train designed for 171,000 scfm (275,000 Nm3/hr) of feed gas and 110 metric TF'D of 
sulfur production (Heisel and Marold, 1987). 

The process is characterized by the use of a scrubbing liquor that is reported to be highly 
stable, easily regenerable, and only mildly corrosive when compared to Stretford liquor. In 
addition, the process provides a chemical environment that is reportedly less favorable to 
secondary reactions thus resulting in low by-product formation. 

As of 1994, Sulfolin has been employed in six plants. Four of these are installed in South 
Africa for desulfurizing Rectisol off-gas generated by coal gasification. In addition, there is a 
Sulfolin unit operating in the U.S. and a smaller plant in West Germany. These last two plants 
also recover sulfur from C02 rich Rectisol off-gas (Heisel et al., 1990). The four South African 
Sulfolin plants and the U.S. Sulfolin plant were originally Stretford units, but were converted to 
Sulfolin operation to reduce chemical costs, cormsion, and sulfur plugging problems. 

Currently, Sulfolin is offered commercially in the U.S. by the Lotepro Corp., which has 
offices in Houston, TX, and Valhalla, NY. It is also licensed directly by Linde AG in Hoell- 
riegelskreuth, Germany. 
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Basic Chemistry 

Primary Reactions. The basic chemistry used in the Sulfolin process parallels that 
employed in Stretford solutions, except for the use of an organic nitrogen vanadium promot- 
er instead of the ADA oxygen carrier (Heisel and Marold, 1987). 

First, the HzS in the feed gas is absorbed by and reacts with the alkaline washing liquor in 
the absorber by the following reaction: 

H2S + NaZCO3 = NaHS + NaHCO, (9-56) 

Next, the NaHS formed in the absorber is oxidized by sodium vanadate to elemental sulfur: 

2NaHS + 4NaV03 + HzO = Na2V409 + 4NaOH + 2s (9-57) 

After oxidation of HzS to elemental sulfur, the reduced vanadium (V4+) must be reoxi- 
dized. As in the Stretford process, direct oxidation with air would be too slow for a viable 
commercial process. In the Stretford process the ADA redox cycle produces hydrogen per- 
oxide, which rapidly oxidizes vanadium to V5+. In the Sulfolin process the oxidation rate is 
accelerated by the addition of a promoter, which increases the reactivity of the reduced vana- 
dium. The promoter is described as an organic nitrogen compound, but the exact composi- 
tion is proprietary. 

The regeneration reaction is represented by the expression: 

Na2V40, + 2NaOH + O2 = 4NaV03 + H 2 0  (9-58) 

The pH of the Sulfolin solution is determined by the balance between NaHC03 and 
NaZC0, in the wash liquor. When COz is present in the feed gas, it reacts in the absorber 
according to the reaction: 

COz + Na2C03 + HzO = 2NaHC03 (9-59) 

The bicarbonate reacts with the caustic produced in equation 9-57 to restore the soda ash 
content of the solution: 

NaHCO, + NaOH = NaZCO3 + HzO (9-60) 

Because the rate of the hydrosulfide oxidation reaction increases as the pH of the wash 
liquor drops, a high COz feed gas concentration is favorable to the kinetics of the process; 
however, a low pH adversely affects HzS absorption. 

During aeration, some of the NaHCO, is converted back to soda ash by the stripping of CO2: 

2NaHC03 = NaZCO3 + HzO + COz (9-61) 

Because of the higher NaZCO3 content, the pH of the oxidized wash liquor is normally high- 
er than that of the reduced solution leaving the absorber. 

Secondary Reactions. Besides elemental sulfur, soluble sulfate and thiosulfate salts will 
accumulate in the liquor due to the following four reactions: 
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2NaHS + 202 = Na2S203 + H 2 0  (9-62) 

Na2S203 + Na2C03 + 202 = 2Na2S04 + COz (9-63) 

2.5 + Na2C03 + O2 = Na2S203 + C02 (9-64) 

S + Na2C03 + 3/202 = Na2S04 + Coz (9-65) 

The rate of byproduct formation in the Sulfolin process is lower than in the Stretford 
process because of the absence of hydrogen peroxide. Hydrogen peroxide is formed during 
the oxidation of quinone containing solutions and can participate in side reactions. As in the 
Stretford process, mercaptans, carbonyl sulfide, and carbon disulfide will pass through the 
process almost unchanged. 

Process Descflption 

The process flow diagram for a typical Sulfolin plant is shown in Figure 9-27. The 
process consists of a scrubbing cycle and a sulfurniquor separation stage. The H2S-contain- 
ing feed gas enters the scrubber and is contacted by downflowing scrubbing liquor. The rich 
solution then passes into a reaction tank in which the oxidation of hydrosulfide to elemental 
sulfur, which started in the absorber, is completed. 

The largest vessel in the process is the oxidizer where the scrubbing solution is regenerat- 
ed with air. The air also floats the elemental sulfur particles suspended in the solution to the 

Figure 9-27. Typical Sulfolin plant process flow diagram. (WEnbuKefal., 1988). 
Reprinted with permission ibm Untie Reports on Scisnce and Technotogy 
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top surface. In this manner the sulfur is concentrated from 0.1 wt% at the outlet of the reac- 
tion tank to 4-6 wt% in the sulfur froth leaving the top of the oxidizer vessel. The froth 
flows over a weir and is collected in a slurry storage tank. The regenerated solution flows to 
an intermediate balance tank from which it is pumped back to the scrubber unit. 

The sulfur froth in the slurry tank is pumped to a decanter centrifuge which concentrates 
the froth to a sulfur cake of about 3040 wt% sulfur. The recovered scrubbing liquid is sent 
to the balance tank with the main stream of regenerated solution. 

Condensate is used to wash the sulfur cake and dilute the residual scrubbing liquor. The 
washed cake is fed into a separator/autoclave and steam is injected to melt the sulfur. The 
liquefied sulfur is held at a temperature of 135°C and continuously separated from the resid- 
ual scrubbing liquor in the separator/autoclave. The recovered aqueous phase is recycled 
back to the balance tank, and the reclaimed sulfur (purity > 99.7%) is the final product. 

Commercial Applications 

The SASOL I sulfur recovery plant initially used a conventional Stretford unit to desulfurize 
Rectisol regeneration off-gas. Operational problems in the SASOL I Stretford plant led to a 
decision to switch to the Sulfolin process in the SASOL I, SASOL 11, and SASOL 111 plants. 

The following problems were encountered in SASOL I with the Stretford process: 

1. Excessive accumulation of sulfate and thiosulfate salts in the Stretford liquor 
2. Excessive vanadium and ADA make-up requirements 
3. Extreme corrosivity of the solution toward carbon steel 
4. Plugging problems due to sulfur deposition on the absorber towers and in the piping system 

The basic modifications introduced by the chemistry of the Sulfolin wash solution mitigat- 
ed the first three problems. The absorber plugging experienced at SASOL I was initially 
countered by replacing the packed absorber with a three-stage venturi scrubber. However, as 
had been previously observed in Stretford plants, when the COz content of the feed gas is 
high, the absorber H2S mass transfer rate in Sulfolin units becomes too low to achieve high 
H2S scrubbing efficiencies. It was thus found at SASOL I that the venturi scrubber provided 
inadequate contact efficiency for HzS removal, and it was replaced with a packed column 
equipped with the necessary mechanical equipment for periodic in-place cleaning of the sul- 
fur deposits. In this proprietary cleaning method, the packed-bed column is flooded with the 
Sulfolin liquor, and mechanical agitation then removes the deposited solid sulfur. With these 
modifications the plant operated within acceptable chemical loss limits, and the generation 
of waste by-products met the required specifications. Operating results relative to chemical 
losses and corrosion are provided in Table 9-14 (Weber et al., 1988). 

Another application of the Sulfolin process is at the Rheinbraun AG H W  coal gasifica- 
tion plant near Cologne, West Germany (Heisel, 1989). The raw synthesis gas is purified in 
various steps, and eventually the H2S, and part of the COz, are removed in a non-selective 
Rectisol wash. The HzS/COz stream from the Rectisol unit is treated using the Sulfolin 
process. 

In the Rheinbraun AG Sulfolin plant, the feed gas, which contains a maximum of 3,500 
ppmv of HzS, is fed to a venturi scrubber device where it is contacted with lean Sulfolin 
liquor. The gas leaves the venturi with an HzS content of 200-500 ppmv, and then enters a 
packed tower containing three. different packings where it is further contacted with Sulfolin 
solution. The outlet gas contains less than 2 ppmv of hydrogen sulfide. The pressure drop 
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Table 9-14 
Sulfolin Chemical Losses and Corrosion Data 

~~ 

Chemical losses: 
Vanadium, ghter  per day <0.01 
Promoter, % per day <0.10 

Side reactions: Na2S203 + Na2S04, g/liter per day <o. 10 
Corrosion: rate, mdyear  <0.02 

Source: Weber et al. (1988) 

through the packed column, at full load (17,000 Nm3/h), increases from 40 mbar at start of 
run to a maximum of 100 mbar for a sulfur charged column ready for cleaning. 

During absorber cleaning, additional sulfur froth is formed in the packed column and is 
routed to the oxidizer. Sufficient buffer capacity in the sulfur make-up section, especially in 
the slurry tank, is required to handle the peak sulfur production experienced during absorber 
cleaning. 

Process Economics 

Gas streams with large flow rates and high H2S concentrations are usually treated with a 
conventional absorption process followed by the Claus process. Typically, the Sulfolin process 
is best suited for a gas feed containing less than 5 tpd sulfur as H2S. The ranges of economical 
choices between the Sulfolin process and the amine absorption + Claus system, based on oper- 
ating and investment costs, are shown in Figure 9-28 (Heisel and Marold, 1987). 

0 50 
H2S content, vol 010 

100 

Figure 9-28. Approximate economic ranges of Sulfolin versus acid gas scrubbing 
+ Claus as a function of feed gas rate and H2S content. (Heisel and Marold, 7987). 
Reprinted with permission from Linde Reports on Science and Technology 
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Design parameters that tend to make the Sulfolin process less attractive economically 
include (Heisel and Marold, 1987): 

I .  High feed gas pressure, which requires a high scrubber-tower operating pressure 
2. High acid content or high concentration of dissolved oxygen in the feed gas, which causes 

by-products formation in the scrubbing liquor 

Typical utility requirements per metric ton of sulfur for the Sulfolin process are given in 
Table 9-15 (Heisel et al., 1990). 

Unisulf Process 
The Unisulf process, a homogeneous liquid redox catalytic process for oxidizing H2S to 

sulfur, was developed by Unocal in 1981 and was licensed jointly by Unocal and The Par- 
sons Corporation. It was intended for clean-up treatment of Claus tail gas, Rectisol or Selex- 
01 off-gas, and oil shale retort off gas. Because of problems encountered in commercial oper- 
ations, the process is no longer offered by Unocal (Bingham, 1992). 

As described by Fenton and Gowdy (1981) and by Hass et al. (1982), the process is capable 
of recovering more than 99.9% of the H2S from gas streams containing less than 10 mole % 
HzS. The treated off-gas typically contains less than 10 ppmv HzS. It is claimed that the 
process chemistry minimizes solution degradation and eliminates the need for a purge stream. 

The Unisulf process is quite similar to the Stretford process, as is apparent from a cursory 
inspection of the flow diagram shown in Figure 9-29. The principal difference is the absence 
of quinone compounds in the Unisulf solution. Instead, carboxylated complexing agents (for 
example, sodium 1-hydroxybenzene-Csulfonate and sodium 8-hydroxyquinoline-5-sul- 
fonate) are used (Fenton and Gowdy, 1981). 

The overall composition of the aqueous solution employed in the Unisulf process includes 
the following generic components: 

Sodium carbonate and bicarbonate 
Vanadium complex 
Thiocyanate ions 
Carboxylated complexing agent 
A water soluble aromatic compound 

TaMe 9-15 
Sulfolin Utility Requirements per Metric Ton of Sulfur 

Electric power, MWh 1 .o 
Low-pressure steam, metric tons 0.3 
Medium-pressure steam, metric tons 0.5 
Condensate, metric tons 3.5 
Chemicals: 
Sodium hydroxide, kg 15.0 
Diesel oil, kg 1 .o 

Source: Heisel et al. (1990) 
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Flgwe 9-29. Schematic flow diagram of Unisulf process (Fenton and Gowdy, 1987). 
Hydrocarbon Processingl Aprill 1982 

Because of this unique composition, the chemical solution was claimed to have longer life 
than Stretford liquor, lower chemical consumption, and less comsivity. In effect, since the 
process made no provision for a purge stream, the only chemical consumption, except during 
startup, was associated with entrainment losses in the sulfur filtercake (Hass et al., 1982). 

Unocal built a total of four Unisulf plants. The frrst unit treated Rectisol off-gas and had a 
sulfur recovery capacity of 26 TPD. The second Unisulf unit was commissioned as part of a 
now shutdown oil-shale synthetic fuels plant located at Parachute Creek, CO. The first appli- 
cation in a petroleum refmery was a 6 TPD unit, constructed at Unocal’s Santa Maria, CA, 
refinery in 1986. This unit processed the tail gas from two 60-todd Claus plants. The fourth 
and last plant was a Beavon-Stretford unit conversion. 

C H U T E D  IRON SOLUTIONS 
The iron-chelate systems have been gaining popularity in the last decade relative to other 

liquid redox technologies primarily because of the non-hazardous nature of the scrubbing 
solution. Two processes are currently competing for control of the market in the U.S. These 
are the Wheelabrator Clean Air Systems (now U.S. Filter Engineered Systems) LO-CAT and 
the Dow Chemical/Shell SulFerox processes. Even though the basic chemistry of the 
processes is comparable, enough technological differences exist between the two systems to 
provide a basis for making a process selection. Other iron chelate processes are the Cataban 
and Sulfint processes. 

The economics of these processes depend primarily on the following factors: 

1. The effect of solution circulation rate on equipment capital costs 
2. The power requirements of the circulation pump and the regeneration air blower 
3. The chemical cost due to chelant and iron losses 

These factors are influenced by the iron concentration in the solution, the design of the 
oxidizer vessel, the chemical composition of the solution, and the plant operating conditions. 
The exact chemical composition of the solution is proprietary for all processes. Chelant 
degradation rates are quoted by the licensors in most cases, but they are seldom expressed on 
a common basis, Le., lb of EDTNton of recovered sulfur. 
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Cataban Process 
The Cataban process was developed by Rhodia Inc. of New York, and described in some 

detail by Meuly and Ruff (1972) and Meuly (1973). It is no longer a commercially active 
process. The basis of the process is the oxidation of hydrogen sulfide to elemental sulfur by 
reduction of femc ions to the ferrous state, followed by oxidation of the ferrous ions to ferric 
state by contact with air. The reactions involved can be expressed in the following equations: 

2Fe3+ + HzS = 2Fe2+ + S + 2H+ (9-66) 

2Fe2+ + IxOz + H 2 0  = 2Fe3+ + 20H- (9-67) 

The elemental sulfur formed is present in the solution as a fine crystalline suspension and 
can be removed by mechanical means such as decantation, filtration, or separation as molten 
sulfur. Mercaptans contained in the gas stream are oxidized to disulfides, which are insoluble 
in the solution and can be removed by skimming. 

Cataban, the catalytic agent, is a clear orange-brown aqueous solution containing 2 to 4 
wt% ferric ion in chelated form. It is reportedly stable over a pH range from 1 .O to 1 1 .O, and 
over a temperature range from below room temperature to at least 260°F (Meuly, 1973). The 
reaction between the hydrogen sulfide and femc ion is extremely fast. Reoxidation of the 
ferrous ions is also quite fast, but limited by the amount of oxygen dissolved in the solution. 
Since oxygen is only sparingly soluble in aqueous solutions, rapid oxidation requires highly 
efficient air-liquid contact. 

Complete removal of hydrogen sulfide requires at least the stoichiometric equivalent of 
the Cataban reagent, or 14 pounds of Cataban reagent per scf of hydrogen sulfide. For a 5 
wt% Cataban solution this is equivalent to a circulation rate of 40 gallons per minute to 
remove 1,OOO ppm of hydrogen sulfide from 1,000 cfm of gas. However, in practice about 
twice this amount is used. (Note that as the Cataban agent contains 2 to 4 wt% ferric ion, a 5 
wt% Cataban solution would contain 1,OOO to 2,000 ppmw iron. Also, the stoichiometry of 
equation 9-66 requires about 900 ppmw ferric ion in a 40 gpm solution treating 1,000 cfm of 
gas containing 1,OOO ppm hydrogen sulfide.) 

The effectiveness of the process is considerably influenced by the pH of the solution. 
Hydrogen sulfide removal is incomplete when the pH is below 7.0, but no significant 
adverse effect of pH is noted within the pH range of 7.0 to 10.0. Above pH 11.5, iron 
hydroxide is precipitated and the solution becomes ineffective. 

Air requirements for solution regeneration depend on the effectiveness of air-liquid con- 
tact. However, a four-fold excess over the theoretical quantity of oxygen is recommended 
(Meuly, 1973). The process is not particularly temperature sensitive. Data reported by Meuly 
(1973) indicate only minor effects over a temperature range of 80" to 250°C. 

Gas impurities such as C 0 2  and CO are not removed by the Cataban solution, and their 
presence is not injurious to the Cataban reagent. Hydrogen cyanide reacts with the Cataban 
reagent forming ferrocyanide complexes. However, since such complexes are in themselves 
capable of removing hydrogen sulfide, it is claimed that their presence does not deactivate 
the Cataban solution. It is reported that hydrogen cyanide has little effect on the Cataban sys- 
tem at concentrations up to 100 to 200 ppm in the gas to be treated (Meuly, 1973). 

The Cataban process is primarily useful for the removal of small amounts of hydrogen sul- 
fide from exhaust gas streams where recovery of sulfur is not the prime objective. The process 
is quite simple, requiring essentially two contact vessels for absorption and regeneration, and 
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auxiliary equipment such as pumps, an air blower, and sulfur filter. if the gas to be purified 
contains oxygen, the reduction-oxidation reactions take place simultaneously in one vessel. 

LO-CAT Process 

Backgrwnd 

The LO-CAT process is a liquid redox H2S removal process that uses an aqueous solution 
of femc iron. The iron is held in solution by organic chelating agents. The ferric iron oxidizes 
the hydrogen sulfide ions absorbed in the solution, converting them to elemental sulfur while 
the femc iron is reduced to the ferrous state. The spent ferrous solution is then circulated to an 
oxidizer where it is regenerated with air. The LO-CAT process is offered by Wheelabrator 
Clean Air Systems, Inc. (now U.S. Filter Engineered Systems) (Wheelabrator, 1994). 

The genesis of the LO-CAT process is found in the early work by Humphreys and Glas- 
gow in London. The initial British process, named the C.I.P. (Chelated Iron Process), used 
Ethylene Diamine Tetra Acetic Acid (EDTA) to keep the iron in solution. The first applica- 
tion of the process in an oil refinery in Landarcy, Wales, in 1964, was unsuccessful because 
of the instability of the chelated iron solution. The instability problem was due to a combina- 
tion of two factors: The precipitation of hydrated iron oxides at elevated pH, and the degra- 
dation of the chelating agent over time (Meuly and Ruff, 1972; Meuly, 1973). 

The second generation LO-CAT process, based on a dual chelate system, was developed 
by Thompson in the late 1970s for Air Resources hc .  (ARI), Palatine, IL. ARI was later 
acquired by Wheelabrator, Inc. (Wheelabrator, 1994). Thompson’s invention was described 
in two patents (Thompson, 1980A, B). Thompson claimed to have overcome the iron precip- 
itation instability problem by the addition of a polyhydroxylated sugar to the EDTA com- 
plexing agent. The degradation problem was partially solved in 1982 by ARI with the intro- 
duction of a new proprietary ARI-310 catalytic reagent. The ARI-310 solution, when first 
introduced, was furnished as a liquid concentrate with 18,000 ppm of chelated iron content. 
It was then diluted with water in the field by about a 40 to 1 ratio, to yield a final working 
solution containing approximately 500 ppm of total iron. 

A significant advantage of the LO-CAT process is that the catalyst solution is non-toxic. 
The process operates at ambient temperature and requires no heating or cooling of the solu- 
tion. It is also very efficient in H2S removal (up to 99.99%), thus virtually eliminating any 
air pollution due to the presence of hydrogen sulfide in sour gases. 

The LO-CAT process has enjoyed considerable commercial success. As of 1994, a total of 
105 LO-CAT units had been licensed worldwide and 15 were in the design and construction 
stage. Of the plants built, 63 were in operation (Wheelabrator, 1994). 

The LO-CAT process is offered in several configurations including, in chronological 
order: The LO-CAT, the Autocirculation LO-CAT, and the LO-CAT I1 processes. The LO- 
CAT I1 process is offered in both “conventional” and Autocirculation versions. The LO- 
CAT and Autocirculation LO-CAT processes use dilute iron chelate solutions (typically 500 
to 2,000 ppmw and 250 to 500 ppmw iron, respectively) and circulate twice the stoichiomet- 
ric iron requirement required to convert the H2S to elemental sulfur. The LO-CAT I1 process, 
on the other hand, typically circulates less than the stoichiometric iron requirement and uses 
a special oxidizer design with staged controlled circulation. The special oxidizer design 
incorporates features that minimize thiosulfate and sulfate formation and regeneration air 
power requirements. LO-CAT II scrubbing solution iron concentrations are reprtedly 
lar to those used in the LO-CATprocess (Reicher, 1995). WheelahtodARI now regard the 
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LO-CAT II process as their standard offering and would only provide a LO-CAT or Autocir- 
culation LO-CAT design under very special circumstances (Eaton, 1992). 

Basic Chemism 

The LO-CAT process overall reaction consists of two primary reactions. The first reac- 
tion, which takes place in the absorber, is the oxidation of bisulfide ions to sulfur: 

2Fe3+ + HS- = 2Fe2+ + S + H+ (9-68) 

Bisulfide ions are formed when H2S is absorbed into the aqueous LO-CAT solution. As 
the LO-CAT solution typically has a pH of 8.0 to 8.5, bisulfide ion is the predominant 
species. See Figure 9-14. 

Per equation 9-68, two moles of Fe3+ are required per mole of HS-, or, equivalently, per 
mole of absorbed H2S. In the LO-CAT and Autocirculation LO-CAT processes, the molar 
ratio of iron in the scrubbing solution to H2S in the feed gas is typically 4:1, twice the stoi- 
chiometric requirement (Hardison, 1992). In the LO-CAT II process (both the “convention- 
al” and Autocirculation versions), this ratio is typically less than 2: 1. 

In the second reaction, the reduced iron is oxidized by dissolved oxygen in the oxidizer: 

2Fe2+ + %02 + H 2 0  = 2Fe3+ + 20H- (9-69) 

In liquid redox systems, thiosulfate or sulfate formation can also take place due to the oxi- 
dation of bisulfide ions: 

2HS- + 202 = H20 + S2032- (9-70) 

s2032-  + xo2 = 2s042- (9-7 I )  

These side-reactions can occur either when unreacted bisulfide ion is carried over into the 
regenerator or when the lean solution fed to the absorber contains a large amount of dis- 
solved oxygen. In the LO-CAT process, where the iron concentration is greater than the stoi- 
chiometric requirement, it is claimed that the high activity of the catalyst makes the oxida- 
tion of bisulfide ions to sulfur almost instantaneous and prevents bisulfide ions from 
reaching the regenerator. In the LO-CAT I1 process, which is reported to operate with sub- 
stoichiometric iron concentrations, bisulfide ions reach the oxidizer. However, thiosulfate 
and sulfate formation are minimized by preferential baffling in the oxidizer, which causes 
oxidized solution to mix with spent solution thereby oxidizing bisulfide ions to elemental 
sulfur in the absence of dissolved oxygen. 

The oxygen content of the regenerated solution depends on its pH and the oxidation state 
of the iron as measured by the solution electropotential. The relationship between the solu- 
tion oxygen content and its electropotential is shown in Figure 9-30 (Hardison, 1984). To 
minimize the formation of thiosulfate by-product in the absorber, the LO-CAT process is 
designed to operate with less than 1 ppm of dissolved oxygen in the re-oxidized solution. To 
maintain this low dissolved oxygen level when operating at a typical LO-CAT pH range of 
8.0-8.5, the solution leaving the oxidizer must have an electropotential value of approxi- 
mately -150 millivolts or less. As indicated in Figure 9-30, if the electropotential of the 
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Figwe 9-30. Relationship between dissolved oxygen, solution pH, and electropotential 
in a LO-CAT process solution. (Misun, 1984) 

regenerated solution is allowed to become much higher than -150 millivolts (less negative 
electropotential), the concentration of dissolved oxygen in the system increases rapidly. 

As Figure 9-30 indicates, at a given electropotential the dissolved oxygen concentration is 
pH dependent. If the pH of the solution is allowed to drift above its normal working range of 
8.CL8.5, the oxygen content of the solution will rise, and thiosulfate formation will increase. 
If the pH is too low, H2S absorption and reaction are adversely affected. The formation of 
thiosulfate and sulfate ions according to equations 9-70 and 9-71 tends to reduce the pH of 
the scrubbing solution, and, consequently, the H2S removal efficiency. Maintaining good pH 
control is an essential feature of the LO-CAT process. 

The LO-CAT solution electropotential is also related to the solution Fe3+/Fe2+ concentra- 
tion ratio. The higher the Fe9@ez+ ratio at constant pH, the higher (less negative) the redox 
potential. At a constant Fe3+/Fe2+ ratio, the lower the pH, the higher the redox potential. To 
minimize thiosulfate formation and chelant loss, the LO-CAT process is monitored daily to 
ensure that operation stays within solution electropotential and pH limits (Eaton, 1992). 

To ensure that the process operates within the desired pH range and that neither the lower 
nor the upper pH limit specifications are exceeded, the scrubbing medium must be neutral- 
ized or buffered. Potassium or sodium hydroxide is commonly used. In most applications 
KOH is the preferred neutralizing agent because potassium salts purged from the system 
with the sulfur product are a more tolerable contaminant when the ultimate use of the sulfur 
product is in fertilizers. 

When KOH is the selected neutralizing agent, it reacts with H2S in the presence of oxygen 
to form the corresponding thiosulfate salt according to the following reaction: 
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2KOH + 2H2S + 202 = K2S203 + 3H20 (9-72) 

As already indicated, the resulting potassium thiosulfate is purged from the system by the 
continuous removal of solution contained in the sulfur filtercake. In addition to thiosulfate, 
two other by-products, KHC03 and K2C03, are formed. Their relative concentration depends 
on the COz concentration of the sour gas and the operating pH. Both of these compounds are 
highly soluble in water and do not normally cause salt precipitation problems. 

Process Configurations 

As previously noted, the LO-CAT process has been offered in four basic configurations: 
the LO-CAT, the Autocirculation LO-CAT, and the “conventional” and Autocirculation LO- 
CAT I1 processes. At this time, the LO-CAT I1 process is Wheelabrator’s standard offering. 
Descriptions of each configuration follow. 

LQ-CAT Process. The LO-CAT configuration was the first commercial offering of Whee- 
labrator/ARI. It is distinguished by the use of dilute iron chelate solutions (about 500 to 2,000 
ppmw) where the Fe3+ concentration is typically twice the stoichiometric amount required to 
oxidize the absorbed H2S to elemental sulfur. A flow diagram for low pressure gas treating 
applications of the LO-CAT process is provided in Figure 9-31 (Hardison, 1984). 

The design of the contactor in the LO-CAT (and the LO-CAT 11) process depends on the 
volumetric gas flow rate and the required H2S removal efficiency. The following contactor 
configurations, used singly or in combination, have been used commercially and are general- 
ly considered to be acceptable (Hardison and McManus, 1987; Eaton, 1992): 

liquid-filled sparged vessels 
packed countercurrent absorbers 
venturi scrubbers 
static mixers 
spray chambers 
mobile bed absorbers 
combinations of the above 

In small gas flow applications, where sufficient gas pressure is available to overcome the 
liquid head, and, when the concentration of H2S in the feed gas is above 1.5%. liquid-filled 
sparged vessels are usually the absorber configuration of choice as they are very resistant to 
sulfur plugging and have high H2S removal efficiencies. At higher gas volumes, the selected 
absorber configuration depends to a large extent on the hydrogen sulfide concentration of the 
feed gas. If the H2S concentration is low, mobile beds are preferred. If the hydrogen sulfide 
concentration is high, then venturis alone or followed by a mobile bed absorber are generally 
preferred (Reicher, 1995). 

In general, the absorption of oxygen into the aqueous scrubbing solutions is more difficult 
than the absorption of H2S and requires longer residence times. Packed towers have better 
mass transfer coefficients than liquid-filled vessels, but have a built-in potential for plugging 
if the circulating solution has high sulfur loadings. Even though the LO-CAT process operates 
at low sulfur loadings (typically between 0.2 to 0.6 wt% sulfur), the commercial oxidizer 
design is based on Liquid-filled vessels to minimize plugging risks (Niemiec, 1995). Because 
the LO-CAT process employs dilute iron solutions, oxidizer vessels become rather large at 
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high sulfur production rates, which tends to place an economic upper limit on train size. This 
limit often falls somewhere within the range of 15 to 30 LT/D of sulfur production per train. 

As in most other iron chelate-based redox processes, settling is the preferred first-stage 
sulfur separation method used in the LO-CAT process (Quinlan, 1991). In the LO-CAT 
process, the usual approach is to combine the settler and the oxidizer in one single dual pur- 
pose vessel. The settler section is designed as a circular-basin type thickener. It has three 
operating zones: clarification, zone settling, and compression. The settler diameter is a func- 
tion of the solution circulation rate, which is determined by the sulfur production rate. 

The settler depth is a function of the compression-zone retention time needed to yield the 
desired underflow (sulfur slurry stream) concentration. For the LO-CAT process, the slurry 
leaving the settler is typically 10-15 wt% sulfur. 

Small LO-CAT plants (up to 0.5 TPD) are commonly designed to produce a thickened 
slurry. For plants of this size, a slip stream of circulating solution is sent directly to a bag or 
pressure filter, and the use of a separate thickener vessel is not required. Except for some 
agricultural applications, the thickened slurry has little value, and must be disposed of. 

If greater solution recovery is required, some mechanical means of separation, such as fil- 
tration, must be employed. Some of the early LO-CAT units used centrifuges, but, due to their 
high maintenance, centrifuges have been replaced by belt filters in most applications. The belt 
filter units are top fed devices and use a horizontal filtering surface. This arrangement permits 
gravity filtering before vacuum is applied. It is claimed that this type of filter is ideal for cake 
washing and cake dewatering. However, belt filters require substantial floor space. 

The solution circulation rate is the main factor determining the capital cost of a LO-CAT 
plant. The solution circulation rate (GPM) is proportional to the sour gas rate (MMscfd) and 
its H2S content (mol%) and inversely proportional to the iron content of the scrubbing solu- 
tion (ppmw). 

The two principal operating costs are for power and chemicals. The power cost is primari- 
ly determined by the sum of the solution pump and the air blower power requirements. When 
a large pressure differential exists between the absorber and the oxidizer, pumping costs 
increase rapidly. To counter this effect, the solution circulation rate can be reduced by 
increasing its iron chelate concentration. 

The second major operating cost is the catalyst make-up needed to replace solution losses. 
Catalyst losses vary with the sulfur removal method used in the process. For a process where 
the sulfur-cake is discharged after being filtered and washed, solution losses depend on the 
amount of dilute solution remaining in the filtercake, the solution concentration, and the 
washing efficiency. Therefore, filters that produce a dry filtercake with a low catalyst con- 
tent will minimize solution losses and favor operation at higher iron concentrations. 

In systems where the sulfur is reslumed and sent to a melter, there are no filtercake solu- 
tion losses, but some blowdown is necessary to purge salts from the system. Since the 
required blowdown rate depends on the process tendency to form undesirable by-products, 
mainly thiosulfate, the selection of operating conditions that lower by-product formation will 
push the optimum iron content of the solution toward higher concentration values and lower 
circulation rates (Hardison and Ramshaw, 1990). 

Autocirculation LO-CAT Process. In 1983, ARI Technologies introduced a simplified 
LO-CAT design for the treatment of amine plant acid off-gases. The new configuration com- 
bined the absorber and the oxidizer in a single vessel. This design was tailored to applica- 
tions that required very low iron concentrations (250-500 ppmw) and tolerated contamina- 
tion of the treated gas with air. 
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The compact design of the Autocirculation process permits the circulation of large vol- 
umes of dilute catalyst solution without the use of pumps, thus offering major power cost 
savings. However, the absorber in these units operates in an oxygen rich environment and, as 
a result, conditions are more favorable for thiosulfate production. The increased formation 
rate of salt by-products requires higher blow-down rates and, in spite of the low solution 
concentration, tends to drive up chemical costs. This offsets, to some extent, the operating 
cost benefits achieved through the reduction in power costs. 

In spite of this, it is claimed that the combination of a selective amine unit operated at high 
pressure and an Autocirculation LO-CAT unit operated at atmospheric pressure has been 
found to be an economic alternative to the amine-Claus process in natural gas treating plants 
handling relatively low quantities of sulfur. An application of this type was reported by 
Owens (1991) at the Texas Indian Rock Plant. This plant began operation in 1984 and was 
the first Autocirculation unit built by ARI. It employs a conventional amine unit and a LO- 
CAT Autocirculation unit to treat the off-gas from the amine plant regeneration unit. 

A schematic of the Autocirculation LO-CAT arrangement is shown in Figure 9-32. The 
sour gas is bubbled through the chelated iron catalyst solution from a distributor located in 
the centerwell of the liquid-filled absorberloxidim vessel. The H2S is converted to elemen- 
tal sulfur in the centerwell, and the sulfur particles combine and fall to the conical bottom of 
the vessel. Regeneration air is injected into an annular space between the outside shell of the 
vessel and the centerwell. The driving force to maintain catalyst circulation is the density 
differential between the catalyst solution in the centerwell and the lighter, highly aerated cat- 
alyst solution outside the centerwell in the annular space. This natural convection circulation 
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Agum 9-32. Schematic diagram of LO-CAT Autocirculation process. Coumsy of 
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is assisted by the momentum imparted by the air flow, which forces the catalyst solution to 
move upward through the annular space before it spills over the open-ended centerwell. 

As originally designed, the prototype plant experienced severe foaming problems caused 
by frothing of the sulfur particles at the top of the vessel. The froth would build on top of the 
catalyst solution until it reached the vent gas stack and developed enough head to block the 
flow of gas. This problem was ultimately solved by the continuous addition of a foam 
inhibitor. 

Another problem was the plugging of the feed gas header with sulfur particles. This prob- 
lem was caused by swings in gas flow rate, which resulted in backflow of the catalyst solu- 
tion into the header during low flow operation periods. This allowed conversion of H2S to 
solid sulfur to take place inside the header. This problem was solved by installing an air 
sparge line at the inlet of the feed gas header and periodically blowing the header. 

LO-CAT II Process. In 1990, ARI introduced the AQUA-CAT process to remove H2S 
from waste water. In this process the chelated iron chelate solution was continuously added 
to the waste water feed and discarded with the treated water. As the iron chelate solution was 
lost, the economics of the process hinged on whether or not the concentration of chelated 
iron could be held at substoichiometric levels. It was found that the process was still effec- 
tive when the concentration of chelated iron was well below a 2: 1 ferric ion to H2S stoichio- 
metric ratio. This ratio was the minimum level that the LO-CAT process historically had 
tried to maintain. 

The LO-CAT I1 concept was born from this observation (Hardison and Ramshaw, 1991), 
and prompted ARI to claim a significant breakthrough in liquid redox chemistry. Although 
ARI has not made public all the details of their new insight into the chemistry of the modi- 
fied LO-CAT process, they maintain that in the LO-CAT I1 process configuration, the 
amount of solution circulated to the high-pressure absorber is determined by the kinetics of 
the absorption reaction, and not by the iron/H2S stoichiometry (Hardison, 1990). 

A simplified flow diagram of the first commercial LO-CAT II plant is shown in Figure 9-33 
(Hardison, 1992). The unit was placed in service in 1991 at the Mobil Oil Exploration and 
Development North Midway gas field near Bakersfield, CA. A photograph of the LO-CAT 
I1 equipment package for this plant is shown in Figure 9-34. The Mobil LO-CAT I1 unit 
treats wellhead gas produced in a steamflood oil recovery operation. 

The principal characteristics of the LO-CAT I1 process as described by Hardison (1991) 
are 

Use of a staged, controlled circulation oxidizer 
Use of substoichiometric Fe/H2S ratios 

The LO-CAT I1 process is available in both Autocirculation and “conventional” configu- 
rations (Reicher, 1995). 

The LO-CAT II oxidizer vessel has been redesigned to provide better mass transfer and 
reduce the air blower head and capacity requirements. Unlike the vertical cylindrical vessels 
used in the LO-CAT design, the new LO-CAT XI oxidizers are flat-bottomed, shorter, and 
rectangular in shape. A picture of the oxidizer box and air blowers installed in the Mobil LO- 
CAT I1 unit is shown in Figure 9-35. 

Figure 9-36 is a schematic depiction of the LO-CAT Il oxidizer (Hardison, 1992). As pre- 
viously noted, the LO-CAT XI process operates with less than the stoichiometric amount of 
iron. Consequently, bisulfide ions are present in the spent solution from the absorber. To pre- 
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Figure 9-33. Simplified flow diagram of first commercial LO-CAT II plant (Hardison, 1992) 

vent the bisulfide from being oxidized to thiosulfate in the oxidizer, the spent solution is 
mixed with completely oxidized solution in a special reaction chamber. Chelated Fe3+ in the 
oxidized solution converts the bisulfide ions in the spent solution to elemental sulfur in this 
reaction chamber. As dissolved oxygen is absent, thiosulfate formation is minimized. See 
Figure 9-36. The LO-CAT 11 oxidizer vessels are also equipped with staged air injection, 
where air is injected into a series of baffled compartments through which the spent solution 
flows sequentially. This design permits shorter oxidizer vessels and reduces air compressor 
head and horsepower requirements. It is reported that LO-CAT I1 oxidizer vessels can be 
shop fabricated in sizes up to 10 LTPD of sulfur (Reicher, 1995). 

Absorbers for LO-CAT I1 units can be of several alternative designs. As in the LO-CAT 
process, liquid-filled absorbers are generally preferred for small gas flows, as they are very 
resistant to plugging and have high H2S removal efficiencies. A typical example is the Mobil 
LO-CAT I1 unit, where the combination of low gas flow, relatively high efficiency require- 
ments, and high C 0 2  partial pressure, led to the selection of a liquid-filled absorber. 

In the LO-CAT I1 process, external scrubbing solution circulation rates are set to obtain 
good absorber performance and minimize pump horsepower. LO-CAT I1 circulation rates 
have been greatly reduced by using less than the stoichiometric iron requirement. It is report- 
ed that ratios of chelated iron to H2S as low as 20% of the stoichiometric requirement have 
been used. However, because there are unreacted bisulfide ions in the spent solution leaving 
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Figure 9-34. LO-CAT II equipment package at North Midway gas field, Bakersfield, CA. 
Courtesy Wheelabrator Clean Air Systems 

the absorber, it is necessary to ensure that substoichiometric operation does not impose a 
vapor-liquid-equilibrium (VLE) limit on the H2S content of the treated gas. It is claimed that 
VLE limits are not a problem, particularly at high absorber operating pressures, where cost 
savings due to reduced scrubbing solution circulation are most significant (Hardison, 1992). 

Sulfur handling has also been upgraded. In the Mobil unit, which has a sulfur capacity of 
1.5 LTD, a slipstream of the external circulation stream is taken to a dual bag filter system 
where the sulfur is recovered and stored in 1,000 kg capacity filter bags (Hardison, 1992; 
Niemiec, 1995). LO-CAT I1 units equipped with melters have intermediate filtering devices 
to improve the quality of the sulfur product. 

A comparison of design parameters for a conventional amineLO-CAT combination unit 
and a direct LO-CAT I1 plant, is presented in columns #I and #2 of Table 9-16 (Hardison, 
1991). Column #3 of this table provides equivalent information for the SulFerox process 
(Kwan and Childs, 1991). 

The large gas flow difference between the two LO-CAT options can be explained by the 
fact that a LO-CAT I1 plant is designed to handle the full gas flow directly, while in the 
AmineLO-CAT combination plant, the conventional LO-CAT unit is sized to treat a much 
smaller volume of amine plant acid gas. 

The table is of limited value since the Fe concentration recommended for the LO-CAT I1 
unit is not included in the data. However, it is interesting that the solution circulation rate for 
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Table 916 
Comparison of LO-CAT and SulFerox Dedgn Parametem 

Design Basis Amine/LO-CAT* LO-CAT II 
Gas flow, scfm 
Gas pressure, psia 
Temperature,"F 
H2S content, vol% 
Solution circulation rate, gpm 
Fe concentration, ppmw 
Regenerator air, scfm 

176 8,350 
24 264 
110 97 
46 0.98 

NIA 240 
500 NIA 
1,975 1,580 

SulFerox 

8,333 
264 
97 
0.98 
220 

40,OOo 
600 

Note: 
*Data are for LO-CAT unit operating on acid gas from amine plant. 
Source: Kwan and Childs (1991) and Hardison (1991) 

SulFerox, which is based on the use of a concentrated iron chelate solution, and that of LO- 
CAT II, are approximately the same. 

The regenerator air requirements for LO-CAT II process are significantly higher than 
those of SulFerox. This is not surprising since, in addition to reoxidizing the iron, LO-CAT 
I1 uses air to maintain autocirculation in the oxidizer, and to evaporate water for heat and 
water balance. SulFerox, on the other hand, requires an additional reverse osmosis system to 
maintain the water balance in the system, thus trading off savings in air blower operating 
costs versus the cost of the power required to run the RO unit. 

As of 1995, twenty-four LO-CAT I1 units were either in operation or under license 
(Niemiec, 1995). Applications include 

Natural gas direct treatment 
Natural gas amine acid gas 
Coke-oven gas 
Refinery fuel gas 
Chemical plant vent gas 

Even though the process licensor intends to replace the conventional LO-CAT system 
with the new LO-CAT I1 technology whenever possible, there are some applications where 
the LO-CAT I1 design is not suitable. These applications fall into two categories: 

1. High pressure C 0 2  feed gas applications 
2. Units with large gas volumes and very low H2S gas loadings, typically aerobic odor control 

Some typical applications that fall into these categories are wastewater treating, odor control 
plants, and food grade C 0 2  purification. 

Applications 

COz Rich Oilfield Production Gas. The first application of the LO-CAT process to treat 
oilfield gas was at the Sable C 0 2  Recovery Plant near Plains, TX (Price et al., 1986; Price, 
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1987). This plant was a LO-CAT configuration with a dilute iron chelate solution and a high- 
er than stoichiometric Fe3+ concentration. 

Three process schemes for H2S removal were evaluated to determine the lowest cost 
approach: (1) an amine unit equipped with an incinerator, (2) a metal oxide slurry process, 
and (3) the LO-CAT process. A comparison of the projected capital and operating costs is 
summarized in Table 9-17 (Price et al., 1986). These cost data are in 1986 dollars and are 
based on 5 MMscfd of gas with an H2S concentration of 770 ppmv. 

A simplified schematic of the Sable Plant LO-CAT unit is shown in Figure 9-37. Gas 
flowing at a nominal rate of 5 MMscfd is fed to a two-stage absorber operating at a pressure 
of 20-25 psig. In the first stage, the gas enters a stainless steel venturi-mixer where it is 
mixed with 150 gpm of regenerated catalyst solution under highly turbulent conditions. 
About 70% of the H2S is converted to elemental sulfur in this first stage contactor. 

Table 9 1  7 
Cost Analysis for the Sable CO, Recovery Plant 

~ Process Capital Cost, M$ Operating Cost, M@yr 

Amine Treating* 1,080 224 
Metal Oxide Slurry 300 269 
LO-CAT 700 65 
*Processing plant at $98O,OOOplus an incinerator stack at $lOO,OOO. 
Source: Price et al. (1986) 

The semi-sweet gas and the catalyst solution containing suspended sulfur particles are dis- 
charged from the venturi into the second stage packed-bed absorber. The gas rises through 
the column which is packed with 10 feet of polypropylene packing. Another 150 gpm of 
regenerated catalyst solution is sprayed on top of the packed bed. The conversion in the 
packed section is about 9 9 8 ,  resulting in an overall H2S conversion of about 99.7%. The 
sweet gas leaving the absorber overhead contains no more than 10-20 ppmv of H2S. 

The dilute sulfur slurry leaving the absorber is piped to the top of the oxidizer-settler. This 
vessel is operated at atmospheric pressure and is almost full of liquid. Details of this vessel 
are shown in Figure 9-38. The downward flow of slurry is regenerated by exposure to air 
bubbles rising from an air sparger. The moisture laden, partly spent air vents directly to the 
atmosphere. This effluent air is virtually free of any H2S contamination. 

Regenerated catalyst solution is extracted via a nozzle located about midway on the oxi- 
dizer-settler vessel. This solution is recirculated back to the absorber column. The portion 
fed to the venturi-mixer is first heated to 120°F to ensure that the absorber is operated above 
the hydrocarbon dew point of the inlet gas. 

The lower half of the settler is a low turbulence zone that allows the sulfur to settle on the 
bottom cone and gradually drain to the clarifiedfilter system through a diaphragm control 
valve. The clarifier/filter system separates the sulfur product from the residual catalyst solu- 
tion in the slurry. Most of the catalyst solution is decanted via the clarification mode. The 
primary use of the filters is to attain final dewatering after the clarifier tank is full of sulfur. 
The filtered solution is pumped back to the oxidizer through a surge tank, while the damp 
sulfur-cake is mechanically removed from the filter and stored. 
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Figure 9-37. Simplified flow diagram of LO-CAT process system at the Sable C02 
recovery plant. (Price et a/., 1986) 

Table 9-18 provides design and operating data for the Sable Plant LO-CAT unit (Price et 
al., 1986). Sulfur plugging problems at the Sable LO-CAT plant were reviewed by Price et 
al. (1986) and Price (1987). Hydrocarbon mist in the feed gas reportedly coated newly 
formed sulfur particles, lowering the particle density to the point where they floated rather 
than settled in the oxidizer-settler. This floating tendency disrupted the sulfur settling 
process, overloaded the settler, and caused plugging problems throughout the LO-CAT unit. 
Use of a special surfactant to wash the oil coating from the sulfur particles was reported to 
solve the problem. However, Price et al. (1986) recommend that a coalescing aerosol filter 
be installed upstream of any LO-CAT unit to remove hydrocarbon mist and minimize sulfur 
plugging problems. 

Geothermal Gas Cleanup. In January 1988, Pacific Gas and Electric converted one of its 
Stretford H2S abatement units at The Geysers geothermal power plant (in Northern Califor- 
nia) to the LO-CAT process (Henderson and Dorighi, 1989). This application is a LO-CAT 
process configuration with the use of a dilute iron chelate solution and a greater than stoi- 
chiometric Fe3+ concentration. The overlying reason for the conversion to the LO-CAT tech- 
nology was the increasing cost of treating Stretford process wastes, which contain vanadium, 
and in California, must be disposed of as a hazardous waste. 

The electric generators at The Geysers power plant are powered by turbines driven by 
geothermal steam. After passing through the turbines, the steam is condensed in surface con- 
densers. Noncondensable gases are removed from the surface condensers by a two-stage gas 
ejector system. Condenser vent gas contains hydrogen sulfide and must be treated before it is 
released to atmosphere. 
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Figure 9-38. Sable COS recovery plant LO-CAT oxidizer-settler (Price et a/., 1984 

The process design basis is given in Table 9-19 (Henderson and Dorighi, 1989). The con- 
version to the LO-CAT process required changing the inventory of treating solution, but no 
functional changes were initially made to the process equipment. The thiosulfate concentra- 
tions given in the table are average reported values without purge. 

The new process scheme is shown in Figure 9-39. The diagram depicts much of the exist- 
ing plant equipment used for the operation of the Stretford process prior to the LO-CAT con- 
version. The revamped process was based on the conventional LO-CAT two-step absorption 
cycle with a venturi scrubber followed by an absorber column. The sulfur separation method 
took advantage of the available equipment and followed the standard Stretford technique of 
skimming off the sulfur froth in the second oxidizer tank. The sulfur slurry from the froth 
tank, containing about 20% solids, was pumped to a vacuum belt filter where most of the 
solution was reclaimed through a wash process. The solid sulfur (80% solids content) was 
then sent to waste disposal. 

The conversion project was evaluated in four separate categories: 
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Table 9-1 8 
LO-CAT Unit Design and Operating Data for the Sable CO, Recovery Plant 

I Design 2-11-86 4-2-86 

Inlet Gas Volumes, Mscfd 
C 0 2  In Inlet Gas, % 
COz Make-up, Mscfd 
Inlet Gas HzS Content, ppmv 
Residue Gas H2S Content, wmacking, ppmv 
Residue Gas H2S Content, w/o Packing, ppmv 
Sulfur Production, TonS/Mo.* 
LO-CAT Catalyst, pH 
LO-CAT Catalyst, Redox Potential, mv 
LO-CAT Catalyst, Total Iron Content, ppmw 
Plant Run Time, % 
Chemical Usage, 3 lOC, gaYday 
3 1 OM, gal/day 
Surfactant, gaYday 
Biostat, gaVday 
Anti-foamant, gallday 
KOH, gallday 

410 
51 

6,200 
50 max. 
50 max. 

3.1 
8.5 

-150 
500 

- 

-_ 

210 
I 

117 
17,000 

15 
150 
4.5 
8.4 

-195 
1,800 
95 
5 
6 
2 
1 

rare 
10-30 

395 
35 
173 

10,750 
10 

5.5 
8.9 

-262 
2,467** 

97 
6.5 
4.0 
3.0 
0.3 
rare 

O*** 

-_ 

Notes: 
*Sulfur production is calculated based upon the H2S available in the inlet gas and an estimated 
LO-CAT unit eficiency of 99.9%. 

** Abnormally high ajier test run at 3,000 ppmw. 
*** KOH temporarily discontinued while trying to lower p H .  
Source: Price et al. (1986) 

1. Hydrogen sulfide abatement efficiency 
2. Cost of make-up chemicals 
3. Need for operating procedure changes 
4. Analysis of the effect of the LO-CAT solution on equipment metallurgy 

A summary review of the performance of the LO-CAT process yielded the following 
results (Henderson and Dorighi, 1989): 

1. The H2S abatement efficiency was excellent. The concentration of H2S in the treated gas 
averaged about 2 parts per million. This removal was better than Stretford and allowed 
the unit to operate at full capacity. Previously, when the unit operated in the Stretford 
mode, absorption efficiency fell off whenever the liquid circulation rate exceeded 75% 
of pump capacity. This resulted in occasional non-compliance with local emission stan- 
dards and set a practical operating limit for the unit that was well below the design basis 
capacity. 

2. The main chemical requirements of the LO-CAT process are met by the addition of ARI- 
310C iron concentrate, ARI-310M chelate, and caustic potash (KOH). To meet the 
requirements of this application, the iron concentrate was added at a rate of 3.6 lb concen- 
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Table 9-19 
Typical LO-CAT Operating Conditions at The Geysers Unit 15 

Geothermal Power Plant 

Typical Gas Composition, Mole% 
H2S 4.0 
co2 56.0 
H2 16.0 
CHI 14.0 
N2 8.0 
0 2  2.0 

Condenser gas flow, scfm 1,500 
Process Variables 

Sulfur loading, LTPD 3.2 
Solution inventory, gal. 130,OOO 
Venturi scrubber rate, gpm 2,250 
Packed column rate, gpm 750 
Thiosulfate conc., g/L 50-70 

1 Source: Henderson and Dorighi (1989) 

trate/100 Ib sulfur, and the make-up chelate was added at a rate of 18 lb ARI-310M 
chelatd100 Ib sulfur. These rates were twice the estimated amount. KOH was used as the 
neutralizing agent and was added at the rate of 0.7 lb KOW100 lb of sulfur. This rate is 
equivalent to the amount previously used in the Stretford process. 

3. No major changes were required in the operating procedures for the LO-CAT process. 
However, several adjustments were needed. First, the sulfur removal by flotation required 
better control of the solution level and vigorous mixing in the balance tank to prevent sul- 
fur settling and unwanted accumulation in that vessel. Second, the reaction tank was not 
needed for the LO-CAT process since the residence time requirements were much lower 
than for Stretford operation. Third, the solids content of the LO-CAT sulfur-cake after 
vacuum dewatering (80-90%) was much higher than that of the Stretford sulfur 
(5040%) .  This facilitated waste removal and reduced operating costs. 

4. LO-CAT solution is highly corrosive to carbon steel. All carbon vessel tanks were lined 
with Ceilcote Flakeline 180 polyester coating, and all piping and process valves were 
replaced with stainless steel components. The tank liner performed satisfactorily except 
for some local metal attack where the coating was damaged due to equipment malfunc- 
tion. 

Sulfur Quality 

With any LO-CAT unit having a sulfur production capacity greater than about 1.5 LTPD, 
it may be economical to sell molten sulfur (Quinlan, 1991). The exact breakpoint must be 
determined on a case by case basis. Also, in recent years, the economic justification for 
melters has become more difficult as the sulfur product usually demands a low price due to 
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Figure 439 . Flow diagram of a LO-CAT plant treating vent gas from a geothermal power plant condenser. (Henderson and Dorighi, 1989 
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worldwide excess capacity. However, melters can sometimes be justified simply to reduce 
the volume of landfilled material (Niemiec, 1995). 

In the older LO-CAT and Autocirculation LO-CAT process configurations, sulfur is sepa- 
rated from the bulk solution by primary settling, which produces a slurry of 10-15 wt% sul- 
fur. See Figures331 and 9-32. When a melter is used, this slurry is fed directly to the 
melter where the temperature is raised above the melting point of sulfur and a liquidfliquid 
separation is conducted. In both of these older processes, there is usually no intermediate fil- 
tering and prewashing step prior to melting. Table 9-20 summarizes the properties of molten 
sulfur produced by this technique (Kwan and Childs, 1991). 

In the LO-CAT I1 process, sulfur is recovered by filtration and then washed to remove iron 
and salts. The washed filtercake is then reslurried with fresh water before melting (Reicher, 
1995). As the LO-CAT II and LO-CAT processes utilize similar iron concentmtions, the LO- 
CAT II molten sulfur product should be at least as pure a$ indicated in Table 9-20. 

If mercaptans are present in the sour gas, some are absorbed by the LO-CAT solution. 
Some of the absorbed mercaptans are converted to disulfides and can produce a mild discol- 
oration of the sulfur product. Unconverted mercaptans are desorbed in the oxidizer and vented 
to the atmosphere, which can cause odor problems if the vent gas is not properly incinerated. 

Hydrocarbon solubility in the circulating LO-CAT solution is about the same as in water. 
Some hydrocarbons end up in the sulfur product and cause the sulfur product to darken. This 
problem can often be corrected by use of a coalescing filter on the feed gas upstream of the 
LO-CAT absorber and by keeping the LO-CAT solution temperature above the feed gas 
temperature. A sulfur product that is dark in appearance can also be an indication of exces- 
sive residence time and/or high operating temperature in the sulfur melter (Eaton, 1992). 

Sulfint Process 
The Sulfint process was developed by Integral Engineering of Vienna, Austria, and is cur- 

rently licensed by Le Gaz Integral Enterprise of Nanterre, France. The process has been used 
primarily for sewer gas treatment, and ten plants had been built by 1993-all in Europe 
(Rossati, 1993). The process is described in considerable detail by Mackinger et al. (1982), 
and a flow diagram is shown in Figure 940. The process is based on the use of EDTA as the 
iron chelating agent. The pH of the wash liquor is slightly alkaline, normally between 7 and 
9. The H2S loading in the absorber and the oxidation rate in the oxidizer are controlled by 
monitoring the redox potential of the solution. 

Table920 
Properties of LO-CAT Sulfur 

Form liquid 
Color (in solid form) yellow 
Sulfur content, wt% w.9+ 
Impurities, ppmw 

Organics < 400 
Ash < 200 
Iron < 50 

Source: Kwan and Childs (1991) 
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Figure 9-40, Sulfint process flow diagram (Mackinger et a/., 7982). courtesy of 
Hydrocabon Prvmsing, March, 1982 

Per Figure 9-40, sour gas is brought into intensive contact with the washing fluid in one 
or more venturi scrubbers where HIS is absorbed and converted to sulfur. The use of ejector 
scrubbers reportedly minimizes the formation of sulfur deposits in the absorber. Depending 
on the required final gas purity, several scrubbers in series may be needed to provide suffi- 
cient gadliquid mass transfer. The treated gas flows out through a demister. The effluent liq- 
uid from the scrubber flows to the oxidizer and a sedimentation chamber. The sulfur sludge 
from the sedimentation chamber is pumped out and dewatered in a centrifugal decanter. The 
dewatered sulfur is mixed with water and melted in an autoclave to achieve final purifica- 
tion. It is claimed that the addition of a second washingkentrifugal decanting step prior to 
sulfur melting and subsequent molten sulfur filtration can produce “Claus” purity sulfur. 

The washing fluid from the centrifuge may be treated in a reverse osmosis unit to separate 
the iron chelate from wash water and salts formed by secondary reactions. The chelate com- 
plex cannot pass through the membrane and is reclaimed and returned to the main solution 
circuit as a concentrated solution, thus avoiding catalyst losses. Sulfates, carbonates, and 
alkalis pass through the membrane and are removed from the treating solution thereby pre- 
venting the buildup of contaminant salts in the scrubbing solution (Mackinger et al., 1982). 
The use of reverse osmosis may be economically attractive if power costs are low, and if the 
amount of iron chelate in the water lost during sulfur purification is high. 

In the oxidizer basin the iron chelate complex is oxidized by finely dispersed aeration. The 
sulfur entering the oxidizer has a mean diameter size of 10 microns, but it agglomerates and 
quickly settles to the bottom as a sludge containing about 5 wt% solid matter. The sulfur par- 
ticle size of the agglomerated sulfur ranges from 0.1 to 0.2 mm (Mackinger et al., 1982). 

The design of the Sulfint oxidation and settling tanks reflects their technological origin in 
biological sewage treatment plants, and the equipment selection is consistent with standard 
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practice in that industry. Most equipment and piping are constructed of stainless steel or 
glass reinforced plastic (Rossati, 1993). 

As in other iron chelate-based processes, the washing solution is non-toxic, and capital 
costs are comparatively low for small plants. The main drawback of this process is the slow 
oxidation rate in the oxidizer, which requires the use of large oxidation basins. The original 
oxidizer designs were not particularly effective and had characteristically low oxygen uti- 
lization coefficients. For stoichiometric conversion, this led to high air consumption figures 
on the order of 15 cubic meters of air per kilogram of H2S. New improved proprietary 
designs are reported to have cut the amount of air required from 15 to less than 10 m3kg 
sulfur and to have reduced the size of the oxidation basins (Rossati, 1993). 

Most environmental regulations in Europe are such that the produced sulfur cannot be land- 
filled or disposed of easily, and putity requirements limit the marketability of the Sulfint sulfur 
product. For these reasons, most larger European applications utilize the Claus process (Rossati, 
1993). Therefore, the only large scale Sulfint gas purification plant (18 LTPD sulfur) is at a coal 
gasification plant in Usti, Czech Republic. This plant treats Rectisol off gas. Design data for this 
plant are given in Table 9-21 (Mackinger et al., 1982). The other nine Sulfint plants, ranging in 
capacity from 0.02 to 0.75 LTPD, treat sewer or incinerator off gas (Rossati, 1993). 

SulFerox Process 
SulFerox is a high iron concentration, chelate-based, liquid redox desulfurization process 

developed by the Shell Development Co. It is presently licensed under a joint agreement by 
the Shell Oil Company and the Dow Chemical Co. The first SulFerox unit was installed in 
1987 at White Castle, LA, to treat low-pressure natural gas. By late 1995, a total of 37 
SulFerox units had been licensed, with over 20 units in operation (Kenny, 1995). 

As reported by Fong et al. (1987), the process was designed to achieve three main objectives: 

1. High H2S removal capacity per unit circulation 
2. Low chelate degradation rate 
3. Simple and compact process design 

~ 

Table 9-2l 
Sulfint Plant Data 

Feed gas quantity, N m 3 h  
H2S in feed gas, g/Nm3 
H2S removal efficiency, % 
Sulfur production, metric tonslday 
Sulfur recovery efficiency, % 
Feed gas temperature,"C 
Process temperature,"C 
Utilities 

Electricity, k W  approx. 
Steam, ton& 
Waste water, m3/h 

Source: Mackinger et al. (1982) 

40,000 
20 

99.9 
18 

94.0 
40 

2 w  

1,500 
1.2 
10 
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SulFerox was the first commercial iron chelate-type liquid redox process to utilize a high 
iron content treating solution, typically ranging between 1 and 3 wt% iron (Pirtle et al., 
1994). Buenger et al. (1991B) report that the reaction with H2S is, in effect, first order for 
iron. Therefore, the use of a concentrated iron solution accelerates the kinetics and uncouples 
the process from the need to have a moderately high pH for efficient H2S removal. The 
accelerated kinetics resulting from the higher iron concentration also reduces the lifetime of 
H2S, HS-, and S2- in the process solution. Since thiosulfate formation generally occurs in 
iron redox systems by regeneration air oxidation of these species, byproduct thiosulfate for- 
mation is claimed to be negligible (Allen, 1995). See equation 9-70. Relatively low pH opcr- 
ation also reportedly takes the process out of the region where byproduct thiosulfate is 
formed. The high iron concentration makes it possible to operate at low circulation rates and 
high H2S absorption rates. This reduces equipment size and lowers pumping costs. 

The high iron concentration is attained by using a proprietary chelating agent that keeps 
the iron in solution at a neutral to slightly basic pH (typically 7.0 to 8.0) (Allen, 1995). The 
key to making SulFerox an economical process was to control the chelant degradation rate to 
keep chemical costs within acceptable limits. 

The nominal chemical costs (in 1994 dollars) for SulFerox process units, based on typical 
iron and chelant losses, are currently projected at about $235 to $300 per long ton of sulfur 
(Hammond and Pirtle, 1994). Actual chemical costs experienced in some plants may be consid- 
erably higher than this because of unanticipated mechanical losses such as a high frequency of 
spills, above average leakage due to poor equipment maintenance, or losses due to improper 
sampling procedures. Additional data on chemical losses for refinery gas treating applications 
are provided by Day and Allen (1992). 

Basic Process Chemistry 

The overall SulFerox chemistry, as described by Fong et al. (1987), is rather simple and 
consists of two sets of chemical reactions, where L denotes the chelant: 

Absorption: 

2Fe3+ *L + H2S = 2Fe2+ *L + S + 2H+ 

Regeneration: 

(9-73) 

2Fe2+ *L + !402 + 2H+ = 2Fe3+ *L + H20 (9-74) 

The function of the chelant is to prevent the formation of insoluble iron compounds without 
interfering with the ability of the iron to undergo reduction and oxidation. In the absorption 
step, the sour gas stream containing hydrogen sulfide comes in contact with a liquid contain- 
ing a soluble femc iron chelate, Fe3+ -L. The hydrogen sulfide forms sulfide and hydrosul- 
fide ions, which are selectively oxidized to form elemental sulfur, and the femc chelate, Fe3+ 
*L, is reduced to the corresponding ferrous chelate, Fe” *L. 

In the regeneration step, the ferrous chelate, Fe2+ *L, is reoxidized with air back to ferric 
chelate, Fe3+ *L. The regenerated solution is then recycled to the absorption section. 

The second set of chemical reactions summarizes the chelant, free-radical-induced oxida- 
tive degradation chemistry and is considerably more complex: 

2Fe2+ *L + O2 + 2H+ = 2Fe3+ *L + H202 (9-75) 
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Fez+ *L + HzO2 = Fe3+ *L + *OH + OH- (9-76) 

Fez+ *L + *OH = Fek *L + OH- (9-77) 

L + *OH = Degradation products (9-78) 

In addition, excessive chelant decarboxylation may take place through direct Fe3+ oxida- 
tion of chelant at high operating temperatures, necessitating a high chemical make-up rate. 
Consequently, except in special cases, the SulFerox process solution temperature should not 
exceed about 140°F (Allen, 1995). To prevent hydrocarbon condensation inside the contac- 
tor, the SulFerox solution temperature is usually at least 10°F warmer than the feed gas. This 
limits the feed gas temperature to a maximum of 130°F. 

The overall reaction for the SulFerox process can be represented as follows: 

H2S + XO2 = S + HzO (9-79) 

Even though the basic chemistry of the process appears to be deceptively simple, the 
selection of the right chelant is a critical choice and depends on five major factors: 

1. The iron chelant solubility properties 
2. The reaction rate of the soluble oxidizing complex, Fe3+ *L, with H2S in the absorber 
3. The reaction rate of the reduced complex, Fez+ *L, with O2 in the regenerator 
4. The degradation rate of the chelant 
5. The relative cost of the chelating agent 

In general, the reaction rate in the H2S scrubbing step can be considered to be nearly 
instantaneous for most iron chelates, but the rate of regeneration of the reduced complex is 
slower and usually becomes a factor in the design of the process. The regeneration reaction 
rate for any given chelant increases with the solution Fe2+ concentration and with the oxygen 
partial pressure. 

As shown in reaction 9-79, the stoichiometry of the overall reaction calls for one-half 
mole of oxygen or about 2.4 moles of air per mole of sulfur processed. However, as noted by 
Buenger et al. (1988), a partially regenerated solution with a high iron concentration may 
require 2 to 5 times the stoichiometric amount of air. SulFerox regenerators are typically 
designed for 200% excess air (at 10 psig air pressure) or 3 times the stoichiometric amount 
(Buenger et al., 1988; Allen, 1995). Actual operating experience indicates that this is a con- 
servative design limit and that for most applications, optimum air regeneration requirements 
will fall somewhere between 100 and 200% excess air. 

One other important factor in the control of the process is that for any given chelant, the 
iron chelate can exist in many different forms, depending on the chelant and iron concentra- 
tions, the solution pH, the temperature, and the overall ionic strength of the solution. Conse- 
quently, the process conditions in the regeneration step must be such that the formation of 
the most stable form of femc chelate is favored. 

procesS Description 

A schematic flow diagram of a typical SulFerox plant treating sour gas is shown in Figure 
9-41. The sour gas is contacted cocurrently with the regenerated solution in a sparged tower 
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Fwre 9-41. SulFerox configuration treating sour gas and producing salable sulfur. 
courtesy of Dow chemical 

contactor or bubble column where the hydrogen sulfide is immediately converted to elemen- 
tal sulfur in a very fast, mass transfer limited reaction. Since the reaction is irreversible and 
not limited by equilibrium, the H2S can be scrubbed to meet any required specification if 
enough mass transfer surface area is provided. 

The sweetened gas flows from the contactor to a gasniquid separator, where it is separated 
from the sulfur-containing spent solution slurry. If the gas is at high pressure, the slurry (typ- 
ically less than 0.1 wt% solids) is degassed in a flash drum to remove absorbed gases (Allen, 
1995). The degassed solution is then cooled to remove the heat of reaction and fed to the 
regenerator. In the regenerator, the spent solution moves cocurrently with the bottom- 
sparged air flow, and the Fez+ is oxidized back to Fe3+. The regenerated liquor exits the top 
of the regenerator and flows into the surgdsettler vessel where the spent air is vented. Make- 
up chemicals are typically added to the suction of the main circulation pump to ensure ade- 
quate mixing with the process solution (Allen, 1995). 
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The elemental sulfur solids precipitated in the contactor are chemically modified to cause 
particle agglomeration and sinking. The surgdsettler vessel acts as a solids thickener and a 
solution clarifier-the concentrated bottoms are typically on the order of 2.0 wt% solids, 
while the solids concentration in the circulating solutions is typically on the order of 0.1 
wt%. The thickened slurry at the bottom of the surgdsettler is fed to a filter press equipped 
with a cake wash and pressurized diaphragm cake-squeeze system for maximum solution 
recovery. The recovered liquid is returned to the process. The sulfur-cake produced by this 
method of operation contains 10 to 25 wt% moisture (Allen, 1995). 

If the desired product is molten sulfur instead of wet filtercake, a sulfur melter can be 
added to the process. The sulfur-cake is reslurried with water and pumped through an 
exchanger where it is melted using steam. The molten sulfur/water mixture is separated with 
the aqueous phase going to wastewater treatment. The volume of wastewater is usually less 
than 2 gallons per minute per long ton per day (LTPD) of sulfur processed (Allen, 1995). 
This stream is sufficient to purge the small amount of degradation products produced and 
normally contains less than !4 wt% organics. The molten sulfur is filtered to remove any 
traces of entrained solids, and then sent to storage. 

Figure 9-42 depicts the 0.6 LTPD SulFerox unit at Mobil’s Moco Midway-Sunset field 
near Taft, CA. This plant has a downflowing pipeline contactor to the far left. A gas-liq- 
uid separator is to the right of the pipeline contactor, followed by the regenerator and 
surge drum. 

Operating Conditions 

1 .  Absorber. Because of the presence of solids in the circulating solution, the contactor is 
particularly prone to sulfur fouling. Hence, the use of packed towers, with either the gas or 
the liquid as the continuous phase, is not recommended. Several different fouling-resistant 
contactor types are used in the SulFerox process: murrent upflow sparged towers, a pro- 
prietary cocumnt pipeline contactor in either an up or a downflow configuration, and 
countercurrent spray towers (Anon., 1994). While these contactor types are resistant to 
sulfur fouling, it is advisable to pay particular attention to the internal finish of vessels and 
piping during construction to minimize the potential for sulfur accumulation (Al- 
Mughiery et al., 1992). 

In most cases, the SulFerox process utilizes either a sparged tower or a proprietary 
pipeline contactor design that is claimed to give high H2S removal with very short resi- 
dence times and is reported to be very resistant to sulfur plugging. The contactor type 
selection for a pamcular application is based on gas volume (ach), available pressure 
drop, percent H2S removal, and required capital expenditure. 

In general, the diameter of a given contactor is set by the actual volumetric flow rate of 
the sour gas. Typical superficial design velocities for sparged towers are 0.1 to 1 .O ft/sec, 
while pipeline contactors range from 5 to 20 Wsec. Typical pressure drops for sparged 
towers range from 3 to 10 psi. Downflow pipeline contactors have a pressure drop of 
about 1.0 psi, and upflow pipeline contactors have pressure drops ranging from 5 to 15 
psi, depending on the level of H2S removal. Spray towers are designed in the 3 to 8 ft/sec 
superficial vapor velocity range with a pressure drop typically less than 1 psi (Allen, 
1995; Pirtle et al., 1994). 

For sparged tower and pipeline type contactors, the contactor length is set by the H2S 
removal requirements and is directly related to the number of transfer units (NTU) 
required for H2S removal. For a very fast, irreversible reaction, the number of transfer 



830 Gas Purification 

Figure 9-42. Photograph of 0.6 LTPD SulFerox plant with cocurrent downflow pipeline 
contactor. Courtesy of Dow Chemical 

units (NTU) can be expressed as the natural logarithm of the inlet gas H2S concentra- 
tion divided by the outlet gas H2S concentration. See equation 9-5 1 .  Commercial 
SulFerox pipeline contactors have been supplied with NTUs ranging from 2 to 8, while 
SulFerox sparged tower contactors have NTUs ranging from 1 to 10 (Allen, 1995; Pir- 
tle et al., 1994). 
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2. Regenerator. The size (and capital cost) of the regenerator section, as well as the liquid 
circulation rate, are primarily dependent on the plant sulfur production rate. According to 
Buenger and Kushner (1988), for any iron chelate-based process, the circulation rate can 
be estimated from the following equation: 

1,340,000 x Sulfur Capacity (LTPD) 
Iron Concentration (ppmw) 

Circulation rate (GPM) = (9-80) 

A comparison of equation 9-80 with equation 9-73 suggests that the recommended 
SulFerox iron concentration is approximately 200% of the stoichiometric requirement. 

The rate of solvent regeneration is affected by the oxygen partial pressure, but the vol- 
ume of air required must be above the minimum stoichiometric value. At atmospheric 
pressure, the air volume required to regenerate SulFerox solution is typically in the range 
of 2 to 3 times stoichiometric (Allen, 1995). Regeneration is usually carried out at low 
pressure (typically 10 psig) to minimize regeneration air compression costs. 

3. Sulfur Recovery Section. For plants processing 1 LTPD or less of sulfur, there is no advan- 
tage to concentrating the sulfur solids prior to filtration since the required filter surface 
area is small. In these cases, full stream filtration of the contactor scrubbing solution is 
possible using an inexpensive plate-and-frame type pressure filter. For plants processing 
more than 1 LTPD of sulfur, it is generally cost effective to concentrate the sulfur solids in 
the surgdsettler vessel for feed to a filter press (Allen, 1995). 

The SulFerox sulfur-cake matrix tends to be quite compressible and reportedly lends 
itself well to filtration via plate-and-frame filters or automated batch filter presses with 
recessed membranes for post-filtration sulfur-cake squeezing. It is claimed that only 
small amounts of wash water are needed to displace the residual process solution from 
the filtercake. Rotary drum vacuum filters were used in all early SulFerox applications, 
but variations in feed slurry characteristics due to differing inlet gas contaminants and 
required additive levels made their performance inconsistent. It is reported that filtration 
by pressurized-feed filter presses has eliminated the problem of cake quality variation and 
has substantially reduced iron chelate losses (Anon., 1994). The sulfur filtercake from 
pressurized-feed filter presses is reported to contain 10 to 25 wt% moisture (Allen, 1995). 

The sulfur slurry from the surgekettler vessel should not be melted without an inter- 
mediate filtration step because the Fe3+ in solution tends to oxidize the chelant at tem- 
peratures above 170"F, thus increasing chelant degradation. Water insoluble solid conta- 
minants entrained in the gas stream tend to concentrate in the product sulfur. Simple 
filtration of the molten sulfur will remove these materials and increase sulfur product 

Proper operation of the SulFerox process requires good solution maintenance proce- 
dures. It is quite important to maintain the proper levels of iron, pH, additive concentra- 
tion, and solids in the circulating solution. All these solution parameters must be regular- 
ly monitored by utilizing appropriate spectro-photometric, gravimetric, and titration test 
methods. 

quality. 

Effect of Feed Contaminants 

The SulFerox process is highly selective for hydrogen sulfide removal because carbon 
dioxide does not react chemically with the solution. Carbon dioxide removal is limited by 
the CO2 solubility in the circulating solution. When the system is operated at a pH of 8, the 
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solubility of C02 in the solution is approximately the same as in pure water. Nevertheless, 
the effect of C02 on the pH of the solution cannot be totally ignored, since the higher the pH 
of the solution the more C 0 2  it will absorb and the more difficult it will be to maintain the 
desired pH. A small amount of make-up buffering agent (typically NaOH that is converted to 
Na2C03 and NaHC03 in the solution) is normally sufficient to prevent significant pH swings 
in the contactor resulting from C 0 2  in the gas stream. 

Usually, the higher the C02 to H2S ratio in the sour gas, the more attractive SulFerox will 
be compared to conventional processes. Good applications include desulfurization of recy- 
cled C02 streams in enhanced oil recovery projects and desulfurization of sour noncondens- 
able gas from steam in geothermal power production. 

Even though it is highly selective for hydrogen sulfide removal, SulFerox can also remove 
between 50 and 90% of the mercaptans present in the sour gas. The initial reaction step is 
thought to proceed through the formation of an iron-thiol intermediate complex (Bedell et 
al., 1988), which leads to the generation of a thiyl radical: 

Fe3+ + RSH = (Fe - SR)2+ + H+ = Fez+ + RS- + H+ (9-8 1) 

Because of the carbon-sulfur bond, oligomerization to polysulfides, which is common 
with hydrosulfides, is not favored, and the reaction will usually terminate with the formation 
of the disulfide, RSSR. Some of the disulfides are stripped out in the spent regenerator air. 
The bulk of the remaining disulfides can normally be decanted from the solution surface, 
since they are very sparingly soluble in aqueous solutions. If they are not removed, a large 
proportion of the disulfide impurities formed in the process are adsorbed on the sulfur sur- 
face and leave the system in the filtercake. Because this disulfide component also contains 
unconverted mercaptans, the sulfur produced may have a distinct unpleasant mercaptan odor. 

In the SulFerox process, carbonyl sulfide can be hydrolyzed to C 0 2  and H2S that is then 
reacted to elemental sulfur. However, the hydrolysis reaction rate is quite slow, and conse- 
quently the removal rate of COS is limited by the residence time in the contactor. For this 
reason, it would be expected that a sparged tower absorber would be much more effective at 
COS removal than the other contactor types. Carbon disulfide in the feed gas is first 
hydrolyzed to COS and then to C 0 2  and H2S. The net CS2 removal efficiency is therefore 
less than that for COS. If the contactor has ample residence time, the SulFerox process may 
remove as much as 30 to 60% of the carbonyl sulfide present in the sour gas. If the unit has a 
short residence time contactor, the removal rate for CS2 and COS may be less than 10%. 

At one time it was thought that the SulFerox solution could be “poisoned” by certain com- 
ponents found in refinery gas streams. For example, HCN, NH3, and SO2 were considered to 
have a deleterious effect on the process. In the case of HCN, it was postulated that it would 
react stoichiometrically with iron, rendering the reacted iron nomgenerable due to the for- 
mation of a stable thiocyanate complex. Recent data support the formation of such a thio- 
cyanate complex and high levels of HCN can lead to very high chemical consumption 
(Allen, 1995). Klanecky et al. (1995) suggest several HCN removal options, including cat- 
alytic hydrolysis and scrubbing with polysulfide solutions. Lynch (1982) reviews polysulfide 
scrubbing for HCN removal, and Huisman (1994) provides data on catalytic hydrolysis of 
HCN. See the cyanide removal discussion in the Stretford process “Liquid Waste Streams” 
section for additional information. 

Theoretically, if the concentration of ammonia in the feed is sufficiently high, the increase 
in pH of the SulFerox solution may result in iron precipitation. In practice, this is seldom a 
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problem, and the presence of ammonia simply reduces the amount of additional base 
required for pH adjustment. The SulFerox process has reportedly treated sour-water stripper 
gas streams containing up to 30 to 40% ammonia without experiencing pH-induced precipi- 
tation problems, although one facility has had to add acid for pH-control instead of the usual 
caustic (Allen, 1995). 

Finally, too high a concentration of SO2 has an effect somewhat similar to that of HCN, 
and leads to excessive base consumption and the formation of sulfite, sulfate, or thiosulfate 
salts. In most cases, a normal solution purge, coupled with good pH control, is sufficient to 
prevent excessive sulfur salt buildup. 

Applications of the SulFerox Process 

The SulFerox process can be used for treating either low or high pressure gas. This char- 
acteristic, plus its high H2S selectivity, makes it potentially useful for a large variety of gas 
treating requirements. Some of the possible applications include the treatment of 

1. Sour Natural Gas 
2. Amine Plant Acid Gas 
3. Low Pressure Casinghead Gas 
4. Reduced Claus Tail Gas 
5. Geothermal Noncondensable Gas 

High Pressure Sour Natural Gas Treatment. An application of the SulFerox process 
for removing H2S from high pressure, high C 0 2  content natural gas at the No. 1 Mivida 
plant, located near Pecos, TX, was reported by Iversen et al. (1990). 

The original configuration of the No. 1 plant is depicted in Figure 9-43a. Water and H2S 
are removed from the feed gas by molecular sieve treaters (2 x 4 bed units). Part of the feed 
gas and the sour regeneration gas from the molecular sieve treaters are treated in a Sulfinol 
unit, dried with triethylene glycol (TEG), and combined with the H2S free stream from the 
molecular sieve treaters. The combined dry gas stream is sent to a Fluor Solvent unit for C 0 2  
removal, and the acid gas from the Sulfinol plant is sent to a direct oxidation sulfur recovery 
unit (SRU). Plant No. 1, as originally configured, was both difficult and expensive to oper- 
ate. Swings in the molecular sieve treater regeneration gas flow rate led to instabilities in the 
SRU, and the Sulfinol reboilers (2 x 100,OOO l b h  steam) and the molecular sieve regenera- 
tion gas heaters (4 x 33 MMBtuhr) were costly to operate. 

The addition of a SulFerox unit, as depicted in Figure 9-43b, considerably simplified the 
design. Feed gas containing 1,800 ppmv H2S is fed directly to the SulFerox unit for H2S 
removal. The H2S free gas is dried and C 0 2  is then removed in the Fluor Solvent plant. This 
simplified configuration eliminates the molecular sieve treaters and their four fired heaters, 
the Sulfinol unit and two LP steam generators, and the SRU, substantially reducing operat- 

The Mivida SulFerox unit is designed for about 2 LTIday sulfur production and includes a 
sulfur melter to process the SulFerox sulfur filtercake for sale as a high quality molten prod- 
uct. A flow diagram of the sulfur melter is shown in Figure 9-44. A summary of the project- 
ed operating conditions at the Mivida SulFerox plant, which includes a mix of SulFerox pilot 
plant and design data, is provided in Table 9-22 (Iversen et al., 1990; Allen, 1995). 

ing costs. 
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Amine Tail Gas Treating. The use of the SulFerox process for amine tail gas treating is 
described by Pirtle (1991). The plant is a grassroots installation processing up to 6 MMscfd 
of wellhead gas at 750-850 psig. The sour gas to the amine treater contains about 4,000 
ppmv H2S, 730 ppmv mercaptans, and 200 ppmv organic sulfur compounds (RSSR, RSR, 
etc.). The amine treater uses an MDEA (methyldiethanolamine) based solvent. The acid gas 
from the amine treater is the feed to the SulFerox unit. It contains 46 mol% H2S, 3.5 mol% 
mercaptans, and 630 ppmv of other sulfur compounds. 

A generic process flow diagram for this type of unit is shown in Figure 9-45 (Buenger et 
al., 1991A). In this application, both the treated acid gas and the spent regenerator air are 
wastestreams. Because of odor problems associated with the presence of mercaptans in the 
feed, the combined wastestream is incinerated. The sulfur filtercake is collected for disposal. 

A high liquid hold-up, sparged absorber is used to improve mercaptan removal. To mini- 
mize the presence of “free” mercaptans in the filtercake, buffering agent makeup is used to 
maintain the lean solution pH at about 7. Mercaptan removal under these conditions is 
greater than 90%. However, if the sulfur were melted, the release of mercaptan-based com- 
pounds could create operating problems. 

The complete stream molar flow balance of the plant is shown in Table 9-23. From these 
data it appears that SulFerox partitions most of the disulfides produced by oxidation of mercap 
tans to the sulfur product, with little going to the treated gas or spent regenerator air streams. 
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Table 9-22 
ProjecW Operating Conditions for the SulFerox Unit at the No. 1 YMda Plant 

Feed Gas Analysis, Vol% 
Methane 58.5 
Ethane 0.3 
Propane plus 0.4 
COZ 40.0 
H2S (PPmv) 1800 

Pressure, psig 960 
Temperature,"F 80 
Gas Volume, MMscfd' -25 
H2S out, ppmv ~ 4 . 0  
Sulfur Recovery, LTPD -1.7 
Solution pH 6.5-7.3 
Utility Requirements 

Process Water, gpm 4.0 
Electric Power, kVa 300 

Notes: 
1. Data from Allen (1995). 
Source: Iversen et al. (1990) andAllen (1995) 

ii 
. I  

Slop Tank 

Figure 9-44. Process flow diagram of sulfur melter processing reslurried SulFerox 
sulfur filtercake. (herson eta/., 799Uj 
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Figure 9-45. Flow diagram of SulFerox plant used for treating amine plant tail gas. 
(Buenger et a/., 19974 

Low Pressure Casinghead Gas Treating. The use of the SulFerox process to remove 
H2S from the casinghead gas in a steam-flood oil recovery project expansion in Kern Coun- 
ty, CA, is reviewed by Buenger et al. (1991B). In this application, the treated gas is combust- 
ed to generate steam for injection into the producing wells. The removal of hydrogen sulfide 
from the fuel gas was necessary to reduce SO2 emissions. 

One of the process requirements was operating flexibility, since the gas quality and vol- 
ume at this location can vary appreciably from day to day as shown in Table 9-24 (Buenger 
et al., 1991B). The air pollution permit requires 90% overall reduction of H,S going to the 
steam generators. The SulFerox process is capable of achieving 97% hydrogen sulfide 
removal. 

The flow diagram for the Kern County plant is identical to Figure 9-45 except that the 
Kern County facility uses a cocurrent, downflow pipeline contactor. The pipeline contactor 
is designed for a 2 psi maximum pressure drop at the design gas rate. Pressure drop is very 
important in this system because backpressure in the casinghead restricts oil production. 

The sulfur-cake at the Kern County plant is made up of particles averaging about 20 
microns, which is smaller than normal for the SulFerox process. This has not seriously 
affected the filtration properties of the elemental sulfur particulate; however, the filtercake 
moisture content is relatively high, on the order of 25 to 35 wt%. The Kern County plant 
uses a rotary drum vacuum filter, while more recent SulFerox plants use pressurized feed fil- 
ter presses that can provide drier filtercakes (Anon., 1994). The washed sulfur-cake at the 
Kern County plant contains 1,OOO ppmw of iron and 7,500 ppmw of organic contaminants; 
however, the produced sulfur qualifies for agricultural use. 



Stream 

Component, Ib molehr 
H2S 
NdAir 
co2 
Methane 
Ethane 
Propane 
Butane+ 
CH$H 
C2HSSH 
C3H,SH 
C4HSsH 
Mix. Sulfur 

Press., pig 
Temp.,"F 
Flow, MMscfd 
Flow, Ib mole/hr 

CH3SH 
C2HSSH 
C3H7SH 
C4HSsH 

H2S 
Misc. Sulfur 

Total 

Table 9-23 
Material Balance for Amine Plant and SulFerox Unit Treating the Amine Plant Tail Gas 

1 
Sour Gas to 

b i n e  Treater 

1.316 
14.410 
2.862 

270.723 
22.799 
9.804 
7.073 

5.27E-02 
9.22E-02 
7.9OE-02 
1.65E-02 
6.68E-02 

780 
41 
3 

329.29 

~~ 

2 
Sweet Gas from 
Amine Treater 

O.OO0 
14.291 
1.591 

263.706 
22.121 
9.517 
6.952 

2.61E-02 
5.4 1 E-02 
5.4 1 E-02 
3.82E-03 
6.5OE-02 

89 

318.51 

3 
Flash Gas Prom 
Amine Treater 

0.003 
O.OO0 
0.010 
6.779 
0.645 
0.273 
0.089 

5.2OE-04 
9. IOE-04 
7.8OE-04 
1.62E-04 
6.59E-04 

50 

7.80 

70 Removal Across I 70 Removal Across 
Amine Treater SulFerox Contactor 

4 
Acid Gas to 

SulFerox Unit 

1.317 
0.008 
1.286 
0.081 
0.01 I 
0.003 
0.045 

3.80E-02 
2.66E-02 

2.49E-02 
1.26E-02 
1.798-03 

5 
58 

2.86 

5 
Treated 

Acid Gas 

0.022 
0.008 
1.158 
0.083 
0.018 
0.013 
0.025 

6.95E-05 
1.3 IE-03 
1 hOE-03 
4.55E-04 
4.8 IE-03 

2 
108 

1.34 

6 
Spent 

Regenerator Air 

O.OO0 
9.932 
0.025 
O.OO0 
O.OO0 
O.OO0 
O.OO0 

9.99E-05 
4.29E-03 
4.49E-03 
9.99E-05 
5.29E-03 

2 
108 

9.99 

I % Recovered Across SulFerox Unit 
Including Spent Air as "Unrecovered" 

50.4 
41.3 
31.5 
76.8 
2.7 

100.0 

99.7 
96.6 
93.5 
96.4 

-168.7 (net gain) 
98.3 

99.4 
85.3 
75.5 
95.6 

-464.2 (net gain) 
98.3 
96.8 

Source: Buenger et al. (1991A) 
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Table 9-24 
Comparison Between Design and Actual Conditions at the Kern Co. SulFerox Unit 

Process Conditions Design Actual 

Volume, Mh4scfd 
H2S inlet, ppmv 
c o z ,  vol% 
Temperature,"F 
Pressure, psig 
Sulfur, Avg. LTPD 

3 
2,000 

80 
80 
5 

0.23 

1.0-1.9 
6,000-19,OOO 

85 
4s 
S 

0.40-0.80 
Source: Buenger et al. (1991B) 

Geothermal Gas Cleanup. The selection of a primary abatement system for a geothermal 
power plant is influenced by several factors, including ( I )  the level of HzS in the steam and 
the level of abatement needed, (2) the partition of HzS between the noncondensable gases 
and the condensate, and (3) the volume and quality of sulfur that can be produced (Kenny et 
al., 1988). 

The applicability of the SulFerox process to geothermal gas clean up depends on the parti- 
tion of HzS between the condensate and noncondensable gases, which depends on the level of 
ammonia in the steam and the condenser design. As the ammonia level rises, the amount of 
HzS dissolved in the steam condensate increases. This makes the SuFerox process less attrac- 
tive because separate condensate treatment can be required. Since the noncondensable gases 
are contacted with much less water with indirect cooling than with direct contact condensa- 
tion, less H2S is dissolved and a major fraction remains in the gas phase. Therefore, operating 
plants that have been retrofitted with surface condensers are more likely to yield improved 
economics when the SulFerox process is used to treat the noncondensable vent gas. 

In a Geysers application described by Kenny et al. (1988), the noncondensable gas flow is 
4.2 MMscfd with an HzS content of 1.2 mole%. The SulFerox unit was designed to meet a 
20 ppmv H2S emission standard on the purified noncondensable gas. The amount of sulfur- 
cake produced is 2 LTPD on a dry basis. The economics for this application, based on 
304/316 stainless steel construction, are summarized in Table 9-25. 

Table 9-25 
Process Economics for Geothermal Application of SulFerox Technology 

Capital Cost $883,000 
Annual Operating Costs 

Chemicals $lOS,OOo 
Power $30,600 

Notes: 
1. Unit treats 4.2 MMscfd of gas containing 1.2 mol% H2S. 
2. Costs are given in 1988 constant dollars and include the license fee for the technology. 
Source: Kenny et al. (1988) 
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Sulfur Quality 

The SulFerox process converts hydrogen sulfide into elemental sulfur, which is separated 
from the slurry by filtration. Sulfur quality can be influenced by contaminants in the gas 
stream. However, filtration, followed by melting, can usually provide a yellow sulfur product 
with less than 100 ppmw of iron, 500 ppmw of ash, and 1,OOO ppmw of carbon. A compari- 
son between Claus-produced sulfur and the filtercake and molten sulfur produced in the 
SulFerox process is shown in Table 9-26 (Van Kleeck and Morisse-Arnold, 1990). As indi- 
cated earlier, direct melting without concentration of the sulfur slurry is usually not a viable 
process option due to contamination of the molten sulfur and high chemical losses caused by 
thermal degradation. 

Table 9-26 
Comparison Between SulFerox and Clam Sulfur Qualii 

Claw SuiFerox 

Type (typical) Molten Filter Cake Molten 
Sulfur, wt% 99.5 80 >99.5 
Moisture, wt% none 4 8  none 
Carbon, ppmw 500 10,Ooo 1 ,ooo 
Ash, ppmw 30 3,400 500 
Iron, ppmw 4,000 100 

Chlorides, ppmw 10 100 
Heavy metals, ppmw 20 none 

Color (yellow) Bright Pale Dark 
Source: Van Kleeck and Morisse-Arnold (1990) 

Filtration of the aqueous slurry permits good solution recovery and yields a high-quality 
filtercake. Automated batch filter-press systems provide continuous sulfur removal with 
good turndown capability (Anon., 1994). As Figure 9-46 indicates, the SulFerox filtercake 
residual iron content is a strong function of the filtercake moisture content and relatively 
unaffected by the wash-water ratio for ratios above 1 lb water to 1 lb sulfur (Van Kleeck and 
Morisse-Arnold, 1990). For this reason, there is an economic incentive to select filters that 
minimize the filtercake moisture content and related iron-chelate losses. Experience has 
shown that mechanical compression filters provide drier, cleaner filtercakes than other filter 
choices (Anon., 1994). 

Carbon contamination of the produced sulfur can result from liquid hydrocarbon droplets 
in the feed gas or by condensation of feed gas hydrocarbons. This problem is best avoided by 
operating the process about 10°F above the feed gas hydrocarbon dew point and by remov- 
ing any hydrocarbon aerosol in the feed gas (compressor lube oil, etc.) with a coalescing fil- 
ter (Allen, 1995). Yet another potential form of sulfur contamination can occur when the 
feed gas contains a significant amount of mercaptans. Any disulfides formed will tend to 
coat the surface of the sulfur particles. If the sulfur is to be recovered as a salable product, 
special attention needs to be paid to the design of the overall system to avoid production of 
low-quality, disulfide-contaminated sulfur. Elimination of mercaptans and heavy hydrocar- 
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bons from the sour gas before it enters the process is an effective technique for reducing 
disulfide and carbon contamination of the product sulfur. 

The ash content of the sulfur normally depends on the amount of inorganic salts present in 
the filtercake. The best way to reduce the ash content of the sulfur, other than process water 
pretreatment and careful control of chemical additive make-up rates, is to melt the filtercake. 
Molten sulfur produced by the SulFerox process is much closer to “Claus” grade sulfur, but 
still has ash levels several times higher than Claus sulfur specifications. See Table 9-26. 

SULFUR DIOXIDE PROCESSES 

The processes falling within this category are, in essence, extensions of the Claus process 
discussed in Chapter 8. The reaction involved is the oxidation of hydrogen sulfide to elemen- 
tal sulfur and water using sulfur dioxide as the oxidant, according to equation 9-82. 

2H$ + SO2 = 3s + 2HzO (9-82) 

The first sulfur dioxide-based process was the Townsend process, developed in 1958. This 
process never advanced beyond the pilot-plant stage due to mechanical and corrosion prob- 
lems. It was followed by the IFP Clauspol 1500 and the Wiewiorowski processes in 1969. 
The IFF’ process is closely related to the Townsend process, but is restricted in application to 
the treatment of Claw tail gas. The low cost and simplicity of the IFP process has attracted 
some commercial interest; however, the Wiewiorowski process was never commercialized. 

In 1986, the University of California at Berkeley conducted extensive bench scale 
research on a process similar to the original Townsend process, but using a different physical 
solvent and a new catalyst formulation. This process has been named the UCBSRP process, 
but in spite of its scientific interest, it has not attracted the funding needed to be scaled up to 
the pilot-plant stage. 
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Townsend Process 
The Townsend process, which was disclosed by Reid and Townsend (1958) and 

Townsend and Reid (1958), and described in a patent granted to Townsend (1965), was pro- 
posed as a method for high-pressure natural gas desulfurization and elemental sulfur produc- 
tion in one operation, thus combining the conventional process of absorbing hydrogen sul- 
fide in an aqueous alkaline solution (e.g., ethanolamine), followed by processing the stripped 
H2S in a Claus-type sulfur plant. However, the process is claimed to be equally applicable to 
the treatment of acid-gas streams, such as the effluents from ethanolamine plant regenera- 
tors. In this application, the Townsend process would be a substitute for the Claus plant. 

A schematic flow diagram of the Townsend process, as applied to high-pressure natural 
gas treating, is shown in Figure 9-47. The sour natural gas enters the base of the reactor col- 
umn at atmospheric temperature and contacts countercurrently a concentrated stream of di- 
or triethylene glycol (typically 98% glycol, 2% water) containing dissolved sulfur dioxide. 
The reaction of hydrogen sulfide with sulfur dioxide is rapid, with the water present acting as 
a catalyst. The glycol circulation is large enough to maintain a water concentration not 
exceeding 5% by weight after absorption of both the water contained in the feed gas and the 
water formed in the reaction. 

The treated gas leaving the reactor column is washed in a high-pressure column with con- 
centrated glycol to remove sulfur dioxide carried by the gas out of the reactor. The effluent 
gas from this column is claimed to be within pipeline specifications with respect to hydrogen 
sulfide and to be free of sulfur dioxide. 
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Figure 9-47. Typical flow diagram of Townsend process for high-pressure natural gas 
treating. 
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A slurry of elemental sulfur in glycol flows from the bottom of the reactor to a settling 
tank where the mixture is heated to 250"-275"F. Excess sulfur dioxide is stripped from the 
solution and returned to the reactor. Liquid sulfur is withdrawn from the bottom of the set- 
tling tank. A portion of the liquid sulfur flows to a sulfur burner where it is burned to supply 
the sulfur dioxide required in the process. 

The dilute glycol flows from the settling tank to the glycol still where water is removed 
and the glycol is reconcentrated. The concentrated glycol then flows to a surge tank where it 
is split into two streams. One stream flows to the top of the high-pressure sulfur dioxide 
absorber to remove sulfur dioxide from the purified gas. The other stream flows to a low- 
pressure column where it absorbs sulfur dioxide from the sulfur burner flue gases and is then 
recycled to the top of the reactor column. 

Application of the process to the treatment of acid-gas streams is shown schematically in 
Figure 9-48. In this version, the sulfur dioxide is supplied by burning one-third of the acid 
gas in the same manner as in the split-flow Claw process (see Chapter 8). The glycol reactor 
is the equivalent of the catalytic converters of the Claw plant. 

The process was tested on a pilot plant scale in Canada. Severe mechanical and corrosion 
problems were encountered in the operation of the pilot plant and hindered the continuing 
development of the process to such extent that it was never commercialized. 

r r N E R T  GAS 

-ACID-GAS INLET 

Figure 9-48. Flow diagram of Townsend process for acid gas treating. 
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IFP Clauspol 1500 Process 
A process, very similar to the Townsend process, was disclosed by Renault (1969) and 

Barthel et al. (1971) of Institut Francais du Petrole (IFP). This process was named Clauspol 
1500 and developed specifically for the removal of hydrogen sulfide and sulfur dioxide from 
Claus unit tail gases. 

The catalytic reaction takes place in an essentially anhydrous liquid medium that acts as a 
common solvent for the H2S, the SO2, and the catalyst. The process is operated at tempera- 
tures above the melting point of sulfur, but below the sulfur dew point of the gas mixture to 
be treated. The solvent first proposed (Renault, 1969) was tributyl orthophosphate containing 
an alkaline substance as the catalyst. However, polyethylene glycol soon became the solvent 
of choice because of its good thermal and chemical stability, low vapor pressure, low cost, 
and availability. Additional advantages are the low solubility of sulfur in the solvent and of 
the solvent in sulfur. 

The process gained wide acceptance soon after being proposed, and in 1976 twenty-seven 
plants were either in operation or in various stages of design and construction (Andrews et 
al., 1976). It is claimed that among all the processes capable of reducing sulfur compounds 
in Claus plant tail gases to 1,OOO ppm of sulfur dioxide after incineration, the IFP process 
requires the lowest capital investment and the least expenditure of energy and labor. 

The ready acceptance of the Clauspol process in Europe was not duplicated in the U.S. 
Only four plants were built in the US. and only one was still in operation in 1992 (at the 
Phillips refinery, in Borger, TX). The IFP Clauspol 1500 process is relatively inexpensive 
and easy to operate; however, the SO2 emissions (1,OOO ppm SO2) are high in comparison to 
other competing Claus plant tail gas processes. 

Process Description and Operation 

The flow scheme of the IFP process, shown in Figure 9-49, is extremely simple. The tail 
gas from the Claus plant, containing hydrogen sulfide and sulfur dioxide, is contacted coun- 
tercurrently with the solvent in a packed tower. The liquid sulfur formed separates readily by 
gravity and is withdrawn from a sump located at the bottom of the tower. Since the solvent is 
only slightly soluble in liquid sulfur, no further purification of the sulfur product is required. 
The sulfur-free solvent is drawn from the side of the column, and recycled to the top of the 
packed tower in a pumparound loop. Steam condensate is injected into the recycle stream 
and vaporized to remove the heat of reaction. The temperature of the solvent entering the 
tower is maintained between 260" and 280°F to keep the sulfur in a molten state without 
experiencing excessive glycol losses in the overhead gas. The condensate and the water 
formed in the reaction, are evaporated and carried out of the tower by the purified gas. 

An auxiliary heat exchanger is provided in the circulation loop for startup to raise the sol- 
ventkatalyst medium to reaction temperature before Claus gas injection. There is no water 
build-up in the system, and, because the process is carried out at a temperature above the 
boiling point of water, the solvent is non-corrosive and the equipment is fabricated entirely 
of carbon steel. 

Proper operation depends primarily on the ratio of hydrogen sulfide to sulfur dioxide and 
on the total content of hydrogen sulfide and sulfur dioxide in the feed gas. For maximum 
conversion, it is necessary to maintain the ratio of hydrogen sulfide to sulfur dioxide in the 
feed gas within 5% of the stoichiometric proportion of two to one. This requires reliable con- 
trol instruments, such as in-line gas chromatographs or ultraviolet spectrophotometers, to 
ensure that the composition of the Claus unit tail gas is relatively constant. 
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Figure 449. Flow diagram of IFP process for Claus-plant tail gas treating. (Bathe/ et 
ai., 1971) 

The effect of total sulfur content (in the form of hydrogen sulfide and sulfur dioxide) in 
the feed gas on conversion is shown in Table 9-27 (Barthel et al., 1971). It should be noted 
that sulfur compounds such as carbonyl sulfide and carbon disulfide, which may be present 
in Claus unit tail gases in appreciable concentrations, are unaffected by the solvent. The term 
“conversion” therefore applies only to hydrogen sulfide and sulfur dioxide. 

Table 427 
E M  of Total Sulfur on Conversion for the IFP Clauspol1500 Process 

~~~~~ 

Volume % (H2S + SO2) % Conversion (H2S + SO2) 

0.4-0.8 80 
0.8-1.5 90 

1.5 95 

I Source: Barthel et al. (1971) 
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The presence of COS and CS2 in the Claus tail gas has an adverse effect on the IFP unit 
sulfur recovery. To minimize the concentration of COS and CS2 in the Claus burner efflu- 
ent, it is recommended to run the first Claus converter hotter than normal, and to replace 
the bauxite catalyst with a more active catalyst, As a general rule, only one tower is 
required in the IFP unit for a three-stage Claus plant with a sulfur recovery of less than 
200 LTPD. 

The IFP process may be combined with a Claus unit in a variety of ways as shown in 
Tables 9-28 and 9-29. Since operation of the process is based on physical solubility (i.e., 
partial pressure) of hydrogen sulfide and sulfur dioxide in the solvent, the solvent flow rates 
and tower dimensions are essentially the same for a relatively wide range of hydrogen sul- 
fide and sulfur dioxide concentrations in the feed gas. This enables the process to compen- 
sate for Claus plant upsets. 

~~ ~ ~ 

Furnace + 3 converters + IFF unit 
Furnace + 2 converters + IFP unit 
Furnace + 1 converter + IFP unit 

Sulfur Recoveries for Various Claus/lFP Clauspol1500 Process Configurations 

Sulfur Recovery (% H2S + SOz Conversion) 
Claus unit I.F.P. unit Overall 

96.8 80.0 99.36 
94.4 90.0 99.44 
86.1 95.0 99.30 

Table 9-29 
Application of IFP Clauspol1500 Process for Treating Claw Unit Tail Gas 

procesS Conditions 
Tail gas composition, mole % 

H2S 
SO2 

HZO 
S 

N2, COz, misc. 
Conditions: 

Temperature, "F 
Pressure, psig 

Sulfur recovery: 
H2S + SO2 conversion, % 
Production, I b h  
Treated gas (H2S + SQ), ppm 

1st 
Converter 

1.84 
0.74 
1.26 

28.58 
67.94 

260 
0.5 

95 
241 

1,100 

Effluent From 
2nd 

Converter 

0.59 
0.29 
0.14 
29.96 
69.02 

260 
0.5 

90 
81 
900 

3rd 
Converter 

0.34 
0.17 
0.13 
30.25 
69.11 

260 
0.5 

80 
43 

1 ,ooo 
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Wiewiorowski Process 

In this process, which was disclosed by Wiewiorowski (1969) of the Freeport Sulfur Com- 
pany (Anon., 1970), the reaction between hydrogen sulfide and sulfur dioxide takes place in 
molten sulfur within the temperature range of 240"-320"F (low-viscosity range of liquid sul- 
fur). A basic nitrogen compound, such as ammonia or an amine, in concentrations of 1 to 
5,000 ppm is added as the catalyst. 

The operation of the process is analogous to that of the IFP process, except that only one 
liquid phase, Le., molten sulfur, is present. Any efficient gas-liquid contacting device, such 
as a packed tower or a turboreactor, is claimed to be suitable for carrying out the reaction 
(Anon., 1970). As in the IFP process, it is important to maintain the ratio of hydrogen sulfide 
to sulfur dioxide close to the stoichiometric proportion of two to one in order to achieve 
maximum conversion to elemental sulfur. It is stated that the process will operate with feed 
gases containing from 1 to 67% hydrogen sulfide and from 0.5 to 34% sulfur dioxide, and 
that essentially complete conversion to elemental sulfur can be obtained (Wiewiorowski, 
1969). This process has never achieved commercial operation. 

UCBSRP Process 

In the University of California Berkeley Sulfur Recovery Process (UCBSRP), hydrogen 
sulfide and sulfur dioxide are dissolved in an organic liquid phase and reacted in the pres- 
ence of a catalyst at temperatures below the melting point of sulfur. When the sulfur formed 
in the reaction exceeds its solubility in the solvent medium, it crystallizes from solution and 
is recovered at high purity values. 

The solvent is a polyglycol ether whose exact chemical composition and properties vary with 
the type of application. The preferred catalyst is 3-pyridyl-carbinol (3-PC) (Lynn et al., 1991). 
Tertiary aromatic amines such as N,N-dimethyl aniline (DMA) can also be utilized as catalysts. 

The choice of solvent medium is very important because the specificity of the gas absorp- 
tion operation depends on the composition of the sour gas and the selectivity of the solvent 
for the specific gas component to be removed. In general, most polyglycol ethers are 
extremely effective in the coabsorption of hydrocarbon gases. 

The solubility of four gases in five different polyglycol ethers at infinite dilution is shown 
in Table 9-30 (Lynn et al., 1991). The gases are H2S, C 0 2 ,  propane, and N-butane. The solu- 
bility is given in moles of solute gas per kg solvent per MPa partial pressure at 25°C. The 
table also gives the selectivity of the solvents for H2S relative to the same gas components, 
expressed as the ratio of the solubility of H2S to the solubilities of the respective gases in the 
various solvents. 

The solubility of SO2 is not included in the table, but it should be noted that sulfur dioxide 
is over ten times more soluble in DGM than hydrogen sulfide (Lynn et al., 1991). 

Sciamanna and Lynn (1988) proposed the application of the UCBSRP process for the 
treatment of sour natural gas to pipeline sales specifications. For this application, tetraglyme 
(tetraethylene glycol dimethyl ether) was chosen as the solvent. The selection of tetraglyme 
as the solvent of choice was made because of its low volatility and low vapor pressure (B.P. 
= 275°C). The solvent vapor pressure was reduced even more by cooling the solvent to 
10°C. The catalyst chosen was 3-pyridyl-carbinol (3-(hydroxy-methyl) pyridine). This is a 
basic, homogeneous, liquid-phase catalyst which has a boiling point of 266"C, is miscible 
with water at ambient temperature, and has a negligible volatility. 
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Solubility [mol& MPa] 
HzS COz C3 n-C4 

11.74 2.03 3.46 10.36 
10.93 1.65 2.58 7.72 
10.65 1.50 2.10 6.22 
9.87 1.29 1.45 3.93 
7.15 1.17 2.17 6.37 

Table 9-30 
Gas Solubilities and Solvent SelectMty for Various UCBSRP Solvents 

Selectivity for H2S relative to 
C02  C3 n-C4 

5.80 3.39 1.13 
6.62 4.24 1.42 
7.10 5.07 1.71 
7.65 6.81 2.51 
6.11 3.29 1.12 

Solvent* 

Diglyme 
Triglyme 
Tetraglyme 
Dowanol DM (DGM) 
Dowanol TBH 
*The chemical names of thejive glycol ethers listed in the table are as follows. 
Diglyme - Diethylene glycol dimethyl ether 
Triglyme - Triethylene glycol dimethyl ether 
Tetraglyme - Tetraethylene glycol dimethyl ether 
Dowanol DM (DGM) - Diethylene glycol methyl ether 
Dowanol TBH - Diethylene glycol t-butyl ether 
Source: Lynn et ai. (1991) 

Bench scale tests of the application of the UCBSRP process to recycle gas from a crude 
oil residuum hydrotreater and to a coal gasification stream were reported, respectively, by 
Lynn et al. (1987) and by Neumann and Lynn (1986). 

The natural gas processing scheme proposed by Sciamanna and Lynn (1988) was devel- 
oped with the aid of the UCBSRP flow-sheet simulator (Neumann, 1986). The process flow 
diagram presented in this paper is rather complex for a process of this type, reflecting greater 
emphasis on technical optimization than on commercial feasibility. An illustration of a sim- 
plified, updated generic flow diagram for the UCBSRP selective HzS process is shown in 
Figure 9-50 (Lynn et al. 1991). 

Per Figure 9-50, natural gas entering the plant is f i s t  desulfurized in a primary HzS 
absorber where the HzS, water, and the residual heavy hydrocarbon components are 
removed. The primary absorber is divided into two sections. Chilled sour gas enters the bot- 
tom of the first section and is contacted countercurrently at 50 bar with cold recycle solvent 
containing a low concentration of sulfur dioxide. The driving force for H2S removal is pro- 
vided by the simultaneous absorption and reaction of the H2S with the SOz in the recycle sol- 
vent. Although the dominant mechanism is physical absorption, the reaction enhances the 
H2S absorption rate by lowering its bulk liquid phase concentration. The HzS content in the 
vapor exiting the first section of the absorber is less than 4 ppm. The top section of the col- 
umn is fed with a small amount of cold, lean solvent that serves to reabsorb any SO2 that has 
been stripped from solvent in the lower section. The top of the absorber is maintained at a 
sufficiently low temperature to keep the solvent content of the exiting gas below 10 ppm. 

The H2S laden solvent stream exiting the bottom of the primary absorber is combined with 
SO2 rich solution originating in the SO2 absorber and is fed to the primary reactor/crystalliz- 
er. In this vessel, the warm, saturated solution is cooled, and most of the H2S reacts to form 
elemental sulfur which precipitates as predominantly bright yellow rhombic crystals. Suffi- 
cient SOz is added to react with all but 5% of the total amount of HzS entering the process. 

Clarified overflow from the reactor/crystallizer is the main absorbent medium and is 
pumped back to the primary absorber. This solvent stream is HzS free, but it is still saturated 
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Figure 9-50. Flow diagram of UCBSRP H2S selective gas purification process (Lynn et 
a/., 1991). Reprinted with permission from the hmeedings of the 1991 GRI Liquid 
Redox Sulfur Recovery Conference, copyright 1997, Gas Research Institute 

with respect to the other sour gas components. This limits the net co-absorption in the 
absorber of these other gas components and enhances the solvent H2S selectivity. 

The underflow solvent stream from the reactor/crystallizer contains both dissolved and 
precipitated sulfur plus the water formed in the reaction between H2S and SO2. After flash- 
ing to remove part of the residual dissolved H2S and some of the hydrocarbons, the liquid is 
cooled to 10°C, and sent to a sulfur settler. The flow to the settler is adjusted to keep the 
water content of the solvent from exceeding 5% with the flow rate typically at about 10% of 
the total flow of solvent through the primary absorber. The sulfur settler is a dual-purpose 
vessel. Its primary function is to separate and recover the precipitated sulfur particles. Its 
secondary role is to serve as a solvent surge tank. 

The 50 wt% slurry of sulfur in solvent from the bottom of the sulfur settler is fed to a 
pusher-type centrifuge. The sulfur crystals are freed of solvent and washed with water in the 
centrifuge. The sulfur crystals (about 250 microns in size) are then reslurried in water (33 
wt% solids), preheated in a heat exchanger, and pumped to a melteddecanter. The pressure 
in the decanter is high enough to prevent the vaporization of water when the slurry is heated 
above the melting point of sulfur. 

The wet solvent from the centrifuge is combined with the overflow stream from the surge 
tank and is pumped to a solvent stripper, where the water (3.5 wt%) is stripped from the sol- 
vent to maintain the water balance in the system. The water-vapor flow in the stripper 
removes unreacted H2S and most of the other gases, such as C02,  co-absorbed in the solvent. 
Most of the lean solvent exiting the bottom of the solvent stripper is used in the SOz scrubber 
to absorb the SO2 from the combustion gas leaving the furnace. The overhead vapor is con- 
densed in a partial condenser. Approximately 65% of the condensate is fed to a sour-water 



Liquid Phase Oxidation Processes for Hydrogen SulJide Removal 849 

stripper for reclamation of the water. A portion of the recovered water is reused as wash 
water in the centrifuge, another portion is supplied to the SO2 absorber, and the remaining 
excess water is sent to disposal. 

Roughly two-thirds of the molten sulfur produced is sent to sulfur storage in the sulfur-pit, 
and one-third is burned in a furnace to generate the SO2 required for the process. Sulfur is 
fed to the furnace in excess of the stoichiometric amount for oxidation to SO2 to assure that 
there is no formation of SO3. The excess sulfur is condensed in an economizer and recycled 
to the furnace. The heat of combustion is recovered in a waste-heat boiler. Combustion gas 
from the furnace is fed to the bottom of the SO2 absorber. The acid gas is scrubbed with lean 
solvent, as indicated earlier. The SO2 content of the furnace stack gas is reduced to less than 
1 ppm while generating an 8.2 wt% solution of SO2. 

A reference plant design for the process has been prepared on the basis of a natural gas 
stream (containing sour condensate) flowing at the rate of 100 MMscfd. The design basis for 
the plant is presented in Table 9-31 (Sciamanna et ai., 1988). 

As the process utilizes a physical solvent, it is relatively stable to variations in composition 
and gas flow. In addition to H2S, other gases may be coabsorbed, including propane or higher 

Table 9-31 
Design Basis for a Plant Utilizing the UCBSRP Process to Treat 

100 MMscfd of Natural Gas 

DESIGN FEED GAS 

Pressure, bar 
Temperature,"C 
Flow rate, kmolhr 
Composition, mol% 

Methane 
Ethane 
Propane 
Butane 
Pentane and heavier 
Carbon dioxide 
Hydrogen sulfide 
Water 

50 
35 

4,986 

70.00 
9.64 
8.40 
4.50 
3.30 
3.50 
0.60 
0.06 

PRODUCT SPECIFICATIONS 
~~ 

Treated sales gas: 
Hydrogen sulfide, ppm (max) 4 

Carbon dioxide, % (max) 5 
Hydrocarbons, dew point at 50 bars (max) "C 

Water, pprn (max) 147 

4 
S purity, wt% (min) 99.98 

<1 
100 

H,S or SO, content of wastewater, pprn 
Stack gas, SO2 content, ppm (rnax) 

Source: Sciamanna et al. (1988) 
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hydrocarbons. The absorption selectivity can be varied by changing the solvent flow rate. The 
optimum ratio between the solvent flow rate and the gas flow rate in the absorber is determined 
by the solvent solubility of the least soluble component that is to be recovered from the sour 
gas stream, Le., propane, and not by the mole fraction of that component in the feed. 

The reaction between H2S and SOz dissolved in glycol ether at temperatures below 100°C 
is irreversible and proceeds rapidly to completion when suitably catalyzed. The reaction 
products appear to be limited to elemental sulfur and water with no significant secondary 
reactions leading to the formation of undesirable byproducts. 

The UCBSRP process is claimed to have significantly lower capital and operating costs 
than the combination of an ethanolamine absorber/stripper unit plus a Claus plant plus a 
SCOT tail gas unit. Most of the energy consumed by the process is connected with the 
recovery and fractionation of propane and heavier hydrocarbons. Approximately 92% of the 
electrical power usage and 89% of the cooling requirements are associated with hydrocarbon 
recovery and separation (Sciamanna et al., 1988). The heat generated by the sulfur furnace 
more than offsets the heat demand required by the desulfurization of the natural gas stream. 

Corrosion studies by Crean (1987) indicate that carbon steel and 300 series stainless steels 
are satisfactory materials of construction for the UCBSRP process. 

MISCELLANEOUS PROCESSES 

This section describes four very different processes. The Fumaks and Konox processes 
have been widely used in Japan for the desulfurization of coke-oven gas. The Fumaks 
process was first developed at Osaka Gas and was later commercialized by Sumitomo Metal 
Industries Ltd. It utilizes an alkaline solution containing a small amount of picric acid. The 
Konox process was developed by Sankyo Gas as a replacement for the F e m x  process and 
employs a ferrate salt as the active oxidizing agent. The Cuprosol process was developed by 
the EIC Corporation of Newton, MA, for the removal of hydrogen sulfide from geothermal 
gas, but despite favorable results obtained in a demonstration unit built at the Geysers field 
in Northern California, it has not matured into a commercial process. Permanganate and 
dichromate solutions have been used extensively in the past to remove traces of H2S from 
gas streams. Both processes are non-regenerative, and their use is declining due to difficul- 
ties in disposing of the spent solution. 

Fumaks Process 

This process, originally developed by Osaka Gas to remove H2S and HCN from coke- 
oven gas, was later commercialized by Sumitomo Metals Industries Ltd. of Japan (Hamamu- 
ra, 1970). 

In the Fumaks process, H2S is removed by scrubbing the gas with an alkaline aqueous 
solution (NaOH, Na2C03, W O H )  containing 0.1% picric acid, which acts as a redox agent 
(Brodovich et al., 1976). If the raw gas contains ammonia, the ammoniacal solution is pre- 
ferred. The absorbed H2S is oxidized to sulfur by the picric acid, and the resulting reduced 
form of picric acid is then regenerated by atmospheric oxygen. 

The Fumaks process removes approximately 95% of the H2S content of coke-oven gas in 
a single scrubbing stage. Ammonia is a better reagent than soda ash for the process since it 
produces less byproduct thiosulfate. The sulfur recovery yields are 85% with ammonia and 
only 70% with soda ash. The sulfur is precipitated as tiny (1-2 p in diam.) rhombic sulfur 
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crystals, which favors the formation of ammonium polysulfide. The polysulfide then reacts 
with the HCN present in the sour gas to form thiocyanate that remains in solution. 

Prior to 1976, as many as 28 units were operating in Japan on coke-oven gas and other 
gas streams. Chemical and utility consumption factors are given in Table 9-32 (Brodovich 
et al., 1976): 

Konox Process 
The Konox process is a liquid-phase oxidation process based on the use of an iron com- 

plex. The process was developed in Japan in 1975 by Sankyo to replace the Ferrox process 
in the treatment of coke oven gas. 

The primary process reactions are 

H2S Absorption: 

4Na2Fe04 + 6H2S = 4NaFeO2 + 4NaOH + 4H20 + 6s (9-83) 

Regeneration: 

4NaFe0, + 4NaOH + 3 0 2  = 4Na2Fe04 + 2Hz0 (9-84) 

The active iron is present as a ferrate, Na2Fe04, a strong oxidizing agent which reacts 
almost instantaneously with hydrogen sulfide. The relative ability of Konox solution to 
absorb hydrogen sulfide compared to that of water and quinone-based H2S scrubbing liquors 
is shown in Figure 9-51 (Kasai, 1975). The high capacity of the Konox solution for hydro- 
gen sulfide permits the use of relatively small circulation rates when compared to other 
processes. Regeneration is accomplished by blowing the spent Konox solution with air to 
oxidize the iron from the trivalent (femte) state back to the hexavalent (ferrate) state. 

It is claimed that side reactions, such as the formation of thiosulfate and sulfate ions from 
hydrosulfide ions, are minimized because the rapid reaction between H2S and iron ferrate 
prevents the buildup of hydrosulfide ions in the solution. This is a distinct advantage over 
processes where the purging and disposal of thiosulfate salts and the requirements for chemi- 
cal makeup can represent significant cost items. 

Table 9-32 
Chemical ConsumptionNtili Requirements of the Fumaks Process 

Catalyst (picric acid), gm/kg H2S 
Alkali (NazC03), kgkg HzS 
Alkali (Na2C03), kgkg HCN 
NH3 from gas, kgkg H2S 
NH3 from gas, kgkg HCN 
Electricity, kWh/1,000 m3 of gas 
Process water, tons/1,000 m3 of gas 

Source: Brodovich et al. (1976) 

15 
0.47 
1.96 
0.15 
0.63 
7 

0.02 
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Figure 451. Hydrogen sulfide solution loading in various wet oxidation processes (&ai, 
1975). Reproduced with permission h m  H y d m m n  messing, Februafy, 1975 

The sodium ferrite/ferrate solution is very alkaline and tends to absorb other acid gases 
such as HCN, C02, and SO2. HCN is a weak acid that reacts with the alkaline solution to 
form NaCN by a reversible acidhase reaction. Since it is not destroyed (as is H2S) the NaCN 
builds up in the solution until the vapor pressure of HCN over the solution is high enough to 
impede absorption. At this point most of the HCN in the feed gas leaves the absorber with 
the product gas. A small fraction of the HCN will react with solution components to form 
NaSCN and ferric ferrocyanide (Prussian blue). This ferrocyanide complex is identical to the 
oxygen carrier employed in the Staatsmijnen-Otto process, and contributes to the oxidation 
of hydrogen sulfide to elemental sulfur. 

The presence of carbon dioxide in the sour gas increases the concentration of sodium car- 
bonate and bicarbonate in solution, according to equations 9-85 and 9-86 (Kasai, 1975; 
Brodovich et al., 1976): 
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2NaOH + C02 = Na2C03 + H 2 0  (9-85) 

Na2C03 + C02 + H20 = 2NaHC03 (9-86) 

This has a deleterious effect on the process because the contact time required for regenera- 
tion is a function of the concentration of iron and sodium carbonate in the spent solution. 
The higher the concentration of sodium carbonate, the longer the time needed to regenerate 
the Konox solution. 

Sulfur dioxide is a stronger acid than either C 0 2  or HCN and is absorbed as sodium sul- 
fite. This salt is oxidized in the regenerator to form sodium sulfate, which is extremely stable 
and nonvolatile. The presence of a significant amount of SO2 in the feed gas can therefore 
result in high costs for chemical makeup and solution purge disposal. 

Elemental sulfur formed in the Konox process is suspended in the solution as fine particles 
varying from 1 to 4 microns in size. The sulfur is normally separated from the spent Konox 
solution by continuous filtration. When the solution contains insufficient active iron, or when 
the alkalinity becomes too low, the sulfur particles grow in size and float to form a froth at 
the top of the absorber vessel. 

When the process was first introduced, it was claimed that utility and chemical require- 
ments for the Konox process compared favorably with those of contemporary competing 
processes. A comparison of operating data for several well established H2S removal process- 
es of that period is given in Table 9-33 (Kasai, 1975). 

EIC Copper Sulfate Process 
This process, which was designated Cuprosol by its developer, the EIC Corporation of 

Newton, MA, specifically targeted the removal of hydrogen sulfide from geothermal steam 
at relatively high temperatures and pressures. 

The main features of the Cuprosol process are described in a patent granted to Harvey and 
Makrides (1980). Figure 9-52 is a simplified block diagram of the process as given by 

Table 9-33 
Comparison of Konox Operating Data With Other Commercial liquid 

Redox Processes 

Giammarco- I 
PrOCeSS Ferrox Perox Vetrocoke Stretford Takahax Konox 

Gas flow rate (Nm3/hr) 11,700 8,300 11,800 7,080 9,500 9,000 

H2S out (gram/Nm3) 1.38 0.01 0.003 0.01 0.03 0.003 
Air rate (Nm3/hr) 3,500 318 450 - 350 320 
Soh.  flow rate (m3/hr) - 300 - 455 300 63 

Power (kwh/kg-H2S) 0.74 0.83 0.60 2.01 - 0.63 

Source: Kasai (1975) 

I 

H2S in (gram/Nm3) 9.16 5.53 5.5 5.73 2-3 4.54 

Makeup alkali (kg/kg-H2S) 0.61 0.34 0.10 0.15 0.30 0.10 
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Dagani (1979). A more detailed process flow diagram is included in a DOE report prepared 
by Brown et al. (1980). 

A brief description of the process given by Brown and Dyer (1980), together with Figure 
9-52, provide a basic understanding of the EIC Cuprosol process, which can be visualized as 
consisting of four key steps: 

1. Scrubbing. In this step the dry geothermal steam is contacted with a sulfuric acid solution 
of copper sulfate. Hydrogen sulfide and ammonia are absorbed to form a precipitate of 
copper sulfide and a solution of ammonium sulfate and sulfuric acid. Other impurities in 
the raw steam are also removed by the scrubbing operation. 

2. Liquid-Solids Separation. A slip stream of the circulating scrubbing liquid is sent to a 
decanter where it is separated into a concentrated slurry of copper-sulfide solids and a 
diluted purge stream of clear, acidic copper and ammonium sulfate solution. 

3. Regeneration. The slurry of copper sulfide solids is pressure leached with air to oxidize 
the precipitate to soluble copper sulfate. The resulting solution is then recycled back to the 
scrubber. 

4. Copper Recovery. The purge stream of clear liquid from Step 2 is neutralized with ammo- 
nia, and then treated with iron and hydrogen sulfide to recover dissolved copper for recy- 
cle to the process. 

Roasting can be used instead of pressure leaching to regenerate the copper sulfate solution 
in Step 3. If roasting is selected, batch centrifugation instead of decantation is required to 
concentrate the copper sulfide slurry to effect a cleaner liquid-solids separation. Step 4, cop- 
per recovery, can also be accomplished by ion exchange. 

The results of demonstration tests that ended in early 1980 were presented in a U.S. DOE 
report (Pacific Gas and Electric Co., 1980). In the demonstration testing, a stream of approx- 
imately 100,000 l b h  of steam, enough to supply a 5 MW power generating plant, was treat- 
ed in a crossflow sieve-tray scrubber. The column was 6 f t  in diameter by 30 ft in height, 

4;[ Dy Steam 

L 

I 

Figure 9-52. Block flow diagram of EIC Cuprosol process. (Dagani, 7979 
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contained a single sieve tray and downcomer in the contacting section, and was equipped 
with mesh-type demister pads in the disengagement section. 

The dry steam had a nominal inlet H2S concentration of 220 ppm. Hydrogen sulfide 
removal efficiency averaged 97% during the 6-month test campaign and occasionally 
exceeded 99%. Approximately 80% of the ammonia and boron in the feed stream was 
removed. The other process steps, including regeneration of copper sulfide by pressure 
leaching, were also demonstrated. One result that was not anticipated was that about 10% of 
the hydrogen sulfide in the feedstream was oxidized to elemental sulfur, instead of forming 
copper sulfide. 

Prior to the time period in which the EIC method was developed, hydrogen sulfide releas- 
es to the atmosphere at geothermal power plants were abated by adding iron salts to the cir- 
culating condensate water and using the Stretford process on vent gases from the condenser. 
The combination of these two methods although effective, was cumbersome, and difficult to 
operate. This situation sparked the effort to develop a reliable dry steam scrubbing technolo- 
gy. Better condensate treatment methods developed in the 1980s, based on oxidation of H2S 
with hydrogen peroxide, and improvements in the application of the Stretford technology to 
condenser vent gas scrubbing, later reduced the perceived need for the development of dry 
steam scrubbing methods. In recent years, the improvement of condensatdvent gas purifica- 
tion technology has continued with some of the Stretford units being replaced by the simpler 
iron-chelate based liquid redox processes. 

At its inception, the EIC process appeared to offer the advantages of treating a single low- 
volume gas stream (high-pressure steam); purifying steam before it entered the turbine (and 
thus assuring that steam that might be vented from the turbine would be clean); removing 
other harmful impurities before they entered the turbine; and eliminating the need for operat- 
ing the condensate system as a slurry of suspended iron compound particles in water 
(Dagani, 1979). It now appears that these advantages did not give the EIC process a competi- 
tive edge, and as a result, the process, despite its technical interest, has failed to achieve mar- 
ket acceptance. 

Permanganate and Dichromate Solutions 

Buffered aqueous solutions of potassium permanganate and sodium or potassium dichro- 
mate are sometimes used to completely remove traces of hydrogen sulfide from industrial 
gases. Processes employing such solutions are nonregenerative and, because of the high cost 
of the chemicals used, are only economical when very small amounts of hydrogen sulfide are 
present in the gas. Permanganate solutions were once used quite extensively for the final 
purification of carbon dioxide in the manufacture of dry ice. 

A schematic flow diagram of the process is shown in Figure 9-53. The gas is contacted 
with the solution in two packed towers operating in series. The solution, which in the case of 
the permanganate process contains about 4.0% potassium permanganate and 1.0% sodium 
carbonate, is circulated until approximately 75% of the permanganate in either tower is con- 
verted to manganese dioxide. At that point the spent solution is discarded and fresh solution 
is pumped into the tower. This can be accomplished without interruption of the gas flow if 
sufficient active permanganate is available in each contact stage to ensure complete H2S 
removal. Dichromate solutions usually contain 5 to 10% potassium dichromate, zinc sulfate, 
and borax. In addition to hydrogen sulfide, traces of organic compounds such as amines are 
also removed quantitatively in these processes. Use of these processes is declining due to 
difficulties in disposing of the spent solution. 
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Figure 9-53. Flow diagram of permanganate and dichromate processes. 
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Efforts to reduce nitrogen oxides (NO,) air emissions have been underway for many years 
because of the detrimental effects of NO, on health and the environment. NO, denotes the 
two nitrogen oxide compounds usually associated with air pollution: nitric oxide (NO) and 
nitrogen dioxide (NO,). NO converts to NO2, a yellowish-brown gas, in the atmosphere and 
in the presence of light. The direct health effects of excessive NO, concentrations in the air 
include bronchitis and pneumonia. In addition, NOz and volatile organic compounds (VOCs) 
in the lower atmosphere interact to form ozone, which causes eye imtation, crop damage, 
and the breakdown of rubber and plastics (Mark et al., 1978). NOz is also an acid rain pre- 
cursor, leading to damage to trees, lakes, and buildings. VOC is the more direct ozone pre- 
cursor and, initially, VOC controls were emphasized with the establishment of requirements 
for large- and mid-sized sources. The remaining VOC sources are small and numerous, so it 
is very difficult to achieve large reductions in their emissions. Therefore, NO, emissions 
have been targeted for control where ozone concentrations are a concern. 

However, recent studies have shown that a moderate reduction in NO, concentration may 
actually increase the ozone concentration, and a large NO, reduction may be necessary to 
reduce ozone significantly. Maximum ozone concentrations do not normally occur near the 
NO, emission sources due to the time it takes for the reactions to proceed; in fact, these con- 
centrations may occur in adjacent states (Wolff, 1994). 

Fossil fuel combustion also produces small amounts of nitrous oxide (N20) in addition to 
NO,, and this source accounts for about 1 to 3% of the global emissions of N20. The per- 
centage is uncertain due to lack of balance between estimated total global N20 emissions 
and N 2 0  buildup and destruction rates in the atmosphere (Hofmann et al., 1993; Levine, 
1991). Other large sources of nitrous oxide emissions to the atmosphere are the soils of some 
forests, oceans, biomass burning, and fertilization. In the atmosphere, N20 acts as a green- 
house gas as do carbon dioxide, methane, and water vapor. NzO is also believed to con- 
tribute to the chemical destruction of stratospheric ozone (Turco, 1985). N20 is not a con- 
tributor to tropospheric ozone or acid rain and is not currently a regulated species in the U.S. 
(Elkins, 1990). However, it is regulated in other countries, and U.S. regulators may consider 
it as NO, in future control requirements. 

Man-made NO, emissions are produced from both mobile and stationary sources. Station- 
ary sources, which account for approximately 53% of total NO, emissions, can be broken 
down as follows: 

Power Stations 53% 

Industrial Boilers 14 
Process Heaters 5 
Combustion Turbines 2 
Other 6 
Total 100% 

Internal Combustion Engines 20 

NO, emissions from power stations vary with the type of boiler as well as with other fac- 
tors such as fuel type, boiler heat release rate, excess air, and mode of operation (e.g., cyclic 
vs. base load). Coal-fired boilers typically produce more NO, than oil- or gas-fired units. 
Wall-fired wet bottom and cyclone-fired boilers usually have the highest NO, emissions, 
while tangentially-fired and arch-fired boilers have the lowest. 

In internal combustion engines, the lowering of excess air to reduce NO, emissions 
increases CO and hydrocarbon emissions. In combustion turbine installations, reduction of 
NO, by injection of steam or water into the combustor increases CO emissions. 
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NOx FORMATION MECHANISMS 

There are two main types of NO, formed during combustion: fuel NO, and thermal NO,. 
NO, formed by the oxidation of nitrogen bound in the fuel is called “fuel NO,.” NO, formed 
by the fixation of nitrogen in the combustion air at the high temperatures associated with com- 
bustion is called “thermal NO,.” Most of the NO, formed in combustion processes is NO. 

The type of NO, formed varies with the fuel. Natural gas produces mostly thermal NO, 
since this fuel is very low in nitrogen. Coal, on the other hand, produces mostly fuel NO,, 
resulting from nitrogen in the coal. 

When coal is combusted there are two sources of fuel NO,: volatile nitrogen (nitrogen that 
evolves during fuel devolatilization) and char nitrogen (nitrogen that remains with the resid- 
ual solid matter following devolatilization). During the initial heating of the coal, 
devolatilization occurs quickly (within a few microseconds for pulverized coal). Oxygen 
concentration is the primary factor that controls NO, during the devolatilization process, and 
reducing conditions during devolatilization favor the formation of N2 instead of NO,. The 
residual char left after the initial devolatilization steps bums more slowly than the volatiles, 
and the corresponding slow rate of char nitrogen conversion to NO is difficult to control; 
however, less char nitrogen is converted than volatile nitrogen (Booher, 1993). 

Fuel NO, is most effectively controlled by reducing the oxygen in the flame zone early in 
the combustion process. The formation of fuel NO, depends on the following factors: 

Nitrogen content of the fuel 
Excess air in the flame zone 
F’rimary/secondary air ratio 
Ratio of fixed carbon to volatile matter in fuel 

Thermal NO, formation becomes significant at around 2,700”F and increases exponential- 
ly with temperature from that point. Thermal NO, is most effectively controlled by reducing 
temperatures in the combustion zone below 2,700”F as quickly as possible (Booher, 1993). 
The formation of thermal NO, depends on the following factors: 

Amount of oxygen available 
Temperature profile in the combustion zone 
Pressure (with some types of gas turbine combustors and some other pressurized systems) 
Residence time in the combustion zone 

Fundamental research into NO, formation was performed by Zel’dovich et al. (1947), who 
developed equations governing the formation of NO,. Since then many have studied the sub- 
ject, including Boardman and Smoot (1989), Booher (1993), Bozzuto (1991). Burch et al. 
(1991), Haussmann and Kruger (1989), b i l l  and Morgan (1989), Lightly et al. (1989), 
Shaw (1973), Toqan et al. (1989), and Wendt et al. (1989). 

REQUIREMENTS FOR NOx CONTROL 

U.S. Regulations 

The effort to reduce emissions of pollutants from mobile and stationary sources has been a 
subject of expanded research and investigation since the passage of the first Clean Air Act in 
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1963 and the formation of the U.S. Environmental Protection Agency (EPA). Since then, 
electric utilities and industrial sources have been faced with increasingly more stringent air 
quality emission control requirements for both new and existing fossil fuel power plants. The 
existing legislation allows the EPA to continue to escalate requirements for some time to 
come. Where NO, or ozone exceeds standards (non-attainment areas), the law requires the 
EPA to escalate NO, control until attainment is achieved. Thus, NO, control will require 
utility and industrial attention for at least the next 20 years. 

The U.S. initiated the development of NO, control technology, but followed the lead of 
Japan and Germany in adopting strict NO, control measures. The U.S. program provides for 
a much more gradual implementation than did the programs in these countries. Title I of the 
Clean Air Act Amendments of 1990 requires state agencies to implement programs to 
improve the air quality in those regions where the air quality fails to meet the stated stan- 
dards (Mansour et al., 1991). Excessive NO, concentrations and ground level ozone (which 
results in part from NO, emissions) are covered in Title I. Title IV places restrictions on 
units with high NO, emissions. Table 10-1 gives an overview of the regulations and their 
applicability for both existing and new boilers prior to November 23, 1994. 

The 1995 compliance deadline for the Phase I boilers (called Group I boilers-second col- 
umn in Table 10-1) has been delayed by court action. On November 23, 1994, in Alabama 
Power Company et al. v. US. EPA, a District of Columbia Circuit Court of Appeals held that 
the EPA had improperly interpreted the term “low NO, burner technology” when promulgat- 
ing the Title IV Phase I Group I (1995 compliance date) utility NO, emission limits. As a 
result, the EPA must repropose the regulations. The EPA had defined “low NO, burner tech- 
nology’’ to include overfire air. The court ruled that the tern encompassed only low NO, 
burners, not overfire air. 

The ruling could also affect the Phase I and Phase I1 boilers that must comply by the year 
2000 (called Group I1 boilers-last two columns in Table 10-1) since, according to the 
Clean Air Act Amendments of 1990, NO, emission limits for these boilers should result in 
costs comparable to the Phase I Group I NO, control costs. 

Regulations are often written in terms of thermal megawatts consumed, MW,, because of the 
variations in plant efficiency. In a typical coal-fired power plant, the efficiency of converting 
heat to electricity is 33 to 35.5% making the net electric megawatts produced, MW,, approxi- 
mately one-third of the thermal megawatts consumed. In co-generation plants, pM of the steam 
produced is used for purposes other than generating electricity, or electricity is generated by a 
gas turbine as well as a steam turbine with consequent higher heat utilization, causing the rela- 
tionship between M W ,  and MW, to vary significantly. In a pulverized coal-fired plant, for com- 
parative purposes, one M W ,  corresponds to about 2,400 scfm of flue gas under normal operat- 
ing conditions for many coals, but the flue gas volumetric flow, on a MW, basis, can be 10% 
higher for coals such as those from the Powder River Basin. Actual gas volumes are affected by 
the boiler exit gas temperature, which typically ranges between 220” and 350°F for many coal- 
fired plants, and the pressure, which varies due to the altitude of tbe plant and other factors. 

misting Planis in NO, or Ozone Non-Attainment Areas 

Many of the combustion power plants in the U.S. will be affected by NO, and ozone air 
quality standards. The new regulations for ozone non-attainment areas will affect virtually 
all existing power plants located in urban areas, particularly in Southern California’s South 
Coast Air Quality Management District (SCAQMD) and throughout the Northeast. The 

(text continued on page 872) 



Approximate 
numbers and 
types of affect- 
ed boilers 

Size of affected 
boilers 

All new units and existing 
units classified as new units 
due to major life extension 
modifications (i.e., “WEPCO 
court order) and repowering. 

All sizes 

Vintage of 
affected boilers 

~ 

77 Coal-Fired Boilers: 
43 Cyclones, 18 Cell-Burners, 

801 Coal-Fired Boilers: 
All Types-698 Dry-Bottom 

16 Wall-Fired 103 Wet-Bottom 

115-1,300 MW, Over 25 MW, 

Number of 
states affected 

NO, control 
regulatory 
requirements 

All 

All new units: New Source 
Review-New NSPS & SIP. 
Refer to Tables 10-4a, b, and 

for NSPS requirements. 

Non-Attainment Areas: 
LAER 8~ Emission Offsets 

1992 Rulemaking 
1995 Compliance (Delayed) 

Acid Rain Phase I 
Dry-Bottom Boilers 

15 43 

Limits are to be defined and result in costs comparable to those for 
Phase I dry-bottom boilers. This could mean a different limit for 
each type of boiler. 

Tangentially-Fired: 0.38 Ib N0,/1@ Btu (EPA estimate) 

Wall-Fired: 0.43 lb NOX/1O6 Btu (EPA estimate) 

Early compliance by Phase I1 boilers is encouraged through a volun- 
tary grandfathering procedure. Phase I1 boilers can meet Phase I 
limits up until eight years after the 2000 compliance deadline. This 
allows utilities the flexibility of using planned outages for hardware 

179 Coal-Fired Boilers: 
94 Tangentially-Fired, 

85 Wall-Fired 

60-950 MW, 

1950-1 979 

19 

Tangentially-Fired: 0.45 Ib N0,/106 
Btu 

Wall-Fired: 0.50 Ib N0,/106 Btu 

[f these limits cannot be met with 
low-NO, burners (LNB) and overfire 
air (OFA), alternative emissions lim- 
its (AEL) can be obtained provided 
several requirements are satisfied. 

Table 10-1 
Ovetview of NO, Rules, Affected Plants, and Controls 

1993 Rulemaking 
1993-2010 Compliance 

Existing Boilers 
in Ozone 

Non-Attainment Area 

About 1 ,ooO Coal-, Oil-, & 
Gas-Fired Boilers of All 

Types 

All sizes 

All ages 

37 

ro be determined by SIPS, 
tefer to Tables 10-2 and 
10-3 for regulatory require- 
nents in ozone non-attain- 
nent areas. 

1993 Rulemaking 
1993 & Beyond 1997 Rulemaking 

Compliance All New 2000 Compliance 
Acid Rain Phase I 

Wet-Bottom Boilers 
Units and Existing Units 
Classified as New Units 

1997 Rulemaking 
2000 Compliance 

Acid Rain Phase I1 
Dry- & Wet-Bottom 

Boilers 

New 1953-1977 All ages I I 



NO, control 
regulatory 
requirements 
:continued) 

NO, control 
technology 

For AELs, a 15-month extension is 
possible if the applicable control 
technology is not in adequate supply. 

Bubbling (or averaging of emissions 
from multiple units) is allowed. 

Phase I units that comply with their 
SO2 limits by using scrubbers do not 
have to comply with their NO, limits 
until 1997. 

LNB on all boilers; OFA on all tan- 
gentially-fired boilers; OFA on wall- 
fired boilers only if needed to meet 
the limits; SNCR, etc. permissible if 
reduction from baseline emissions is 
65% or greater, but no control tech- 
nology is necessary if these limits 
can be met without them. 

~~~ ~ 

Table 10-1 (Continued) 
Overview of NO, Rules, Affected Plants, and Controls 

However, regional studies 
indicate that moderate reduc- 
tions in NO, concentrations 
may increase ozone concen- 
trations and that large NO, 
reductions may be necessary 
to reduce oznne significantly. 
This could affect both the 
probable control limits and 
the acceptable control tech- 
nologies given in Tables 10- 
2 and 10-3. The direction of 
the change is indeterminate. 

Refer to Table 10-2 for prob- 
able measures in ozone non- 
attainment areas. 

Attainment Areas: 
Existing PSD & BACT. 
Requirements are becoming 
more strict. 

Non-Attainment Areas: 
LAER (i.e., SCR & SNCR) 
& Emission Offsets 

Attainment Areas: BACT 

changes. Boilers can be opted out of the early election program or 
can be terminated from it after a year of noncompliance, but can’t 
be reinstated. 

Bubbling (or averaging of emissions from multiple units) is allowed. 

Probably combustion controls, possibly SNCR for stoker-fired 
boilers, but probably not SCR for any boilers unless the bubble 
concept is employed. Using the bubble concept, very stringent 
controls could be employed on some boilers to avoid any controls 
on others. 

Note: BACT stands for Best Available Control Technology, L4ER for  Lowest Achievable Emission Rate, NSPS for New Source Performance Standard, PSD for  Prevention of Significant Deteriora. 

Source: Kantor and Sienfriedt (1992) and Blaszak (1994) 
tion. SCR for Selective Catalytic Reduction, SIP for  State Implementation Plan, SNCR for  Selective Non-Catalytic Reduction, and WEPCO for  Wisconsin Electric Power Company. 
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(text continued from page 869) 

SCAQMD is the only NO, non-attainment area in the U.S. Virtually all boilers in the 
SCAQMD are affected and must reduce NO, by an average of 90%. Selective Catalytic 
Reduction (SCR) has already been retrofitted on over 4,000 MW, of boiler capacity in the 
SCAQMD. In the Northeast, NESCAUM (Northeast States for Coordinated Air Use Man- 
agement), which is made up of representatives from eight northeastern states: Connecticut, 
Maine, Massachusetts, New Hampshire, New Jersey, New York, Rhode Island, and Ver- 
mont, was formed to solve the non-attainment problems of this ozone transport area and has 
proposed Reasonably Available Control Technology (RACT) values and other rules stricter 
than those of the EPA, including SCR for NO, control. 

Title I has changed the basis for setting NO, emission limits to RACT. RACT require- 
ments are defined by each state with consideration of the EPA Guidance Documents, but a 
reasonable estimate of RACT requirements is given in Table 10-3. The U.S. EPA requires 
each state to develop a SIP (State Implementation Plan) to implement the requirements of the 
law. The new operating permits required by Title V of the amendments for existing plants, 
issued under the SIP, will define the RACT NO, limit for each source. While this affects 
plants in all areas, it has a special impact on those in ozone non-attainment areas. For those 

Table 10-2 
Probable Measures in Ozone Non-Attainment Areas 

Ozone Attainment Major Source Probable Measures 
Area Class Date Size, tpy for Stationary Sources 

Marginal November, 1993 2100 RACT' for existing control technology 
guidelines (CTG) categories through 
November 15,1990. 

Moderate November, 1996 2100 RACT' for existing and new CTG cate- 
gories through 1996. Case-specific RACT 
for major sources. 

categories through 1999. Case-specific 
RACT for major sources. 

or 2007 categories through 2005. 

Serious November, I999 250 RACTI for existing and new CTG 

Severe November, 2005 225 RACT' for existing and new CTG 

Case-specific RACT for major sources. 
BACT for modifications of 2100 tpy 
sources. (SNCR and/or SCR will likely 
be required for retrofit for some sources.) 

gories through 2010. Case-specific RACT 
for major sources. LAER for modifications 
of 2100 tpy sources. (SNCR and SCR wil 
be required for retrofit on utility units and 
some other sources.) 

Extreme November, 2010 210 RACTI for existing and new CTG cate- 

Note 1:  NO, control techniques to meet federally proposed RACT limits for boilers are given in Table 10-3. 
Source: Blaszak (1992) 
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Table 10-3 
Federally Proposed NO, RACT for Boilers’ 

Proposed Limit2 
Firing Mode lb/106 Btu 

Pulverized Coal, Dry 
Bottom, Tangentially-Fired 0.45 

Pulverized Coal, Dry Bottom, 
Wall-Fired 0.50 

All Other Coal-Fired 0.70 
OiVGas, Tangentially-Fired 0.20 
OiVGas, Wall-Fired 0.30 
All Other OiVGas-Fired 0.55 

Assumed NO, 
Control Technologies 

Burners, overfire air 

Burners 
Technology driven. Refer to Note 3. 
Burners, overfire air 
Burners 
Technology driven. Refer to Note 3. 

Motes: 
1. This table represents only one proposal. It is not clear that this is likely to be the rule. In fact, the 

2. For comparison, I lb NO,/106 Btu is approximately equivalent to 1,230 mgflmj or 598 ppm NO,, 
rule may defer to regional or state agencies to set limits. 

for coal at 6% 02, 1,540 mgflm3 or 748 ppm NO, for oil at 3% 02, and 1.590 mgNmJ or 775 ppm 
NO, for gas at 3% 02, Conversions are approximate since they depend on the chemical analysis of 
the fuel and operating variables. For all fuels, 1 lb NO,/106 Btu is exactly equal to 430 
nanograms/J. 

“forcing,” i.e., causing technology to be developed to meet these regulations. 
3. Technology for this group does not yet exist or is developing. The framers of the regulations are 

Source: Fotis (1992) 

units for which RACT technology is emerging, the permit may stipulate installation of the 
NO, control equipment at a later date (Public Law 95-95, 1977). Further, RACT compliance 
today is no assurance of RACT compliance in the future. 

New PIanfs 

The Clean Air Act requires that new facilities meet a criterion called New Source Perfor- 
mance Standards (NSPS) for combustion sources, regardless of the plant’s location (Public 
Law 101-549,1990). NSPS set minimum national requirements for new NO, emitting com- 
bustion sources. Tables 10-4a, b, and c present NO, emission NSPS (current as of August 
1995) for various combustion source types and sizes. Modem combustion sources usually 
meet these standards easily. Title IV of the Clean Air Act Amendments of 1990 requires the 
EPA to promulgate revision of the NSPS for NO,. The EPA is likely to issue new, more 
stringent NSPS based on the improved control technologies. Title I of the 1990 amendments 
sets a maximum NO, concentration for breathable air quality. In areas that attain the NO, 
standard, an analysis must be performed to satisfy Prevention of Significant Deterioration 
(PSD) of the air quality rules. PSD does not involve a set emission concentration or limit or a 
set reduction, but requires use of the Best Available Control Technology (BACT). The 
required process for determining the technology is a ‘“Top Down” BACT analysis, in which 
the applicant must agree to use the top (most effective) emission control technology that can- 
not be shown to be technically, economically, or environmentally infeasible. Recent permits 
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Table 1 0 4  
NSPS for Electric Utility Steam Generating Units Greater than 250 x 10s Btu/h 

(Current as of August 1995)5 

NO, Emission Limit in 
Terms of Heat Input1 

Fuel Type lb/106 Btu (ng/J)4 
Gaseous fuels: 

Coal-derived fuels 0.50 (215) 
All other fuels 0.20 (86) 

Coal-derived fuels 0.50 (215) 
Shale Oil 0.50 (215) 
All other fuels 0.30 (129) 

Coal-derived fuels 0.50 (215) 
Any fuel containing more than 25% by weight coal 

refuse Refer to Note 2. 
Any fuel containing more than 25% by weight 

lignite if the lignite is mined in North 
Dakota, South Dakota, or Montana, and is 
combusted in a slag tap furnace. (Refer to note 3) 

Any fuel containing more than 25% by weight 
lignite not subject to the 340 ng/J heat input 

Liquid fuels: 

Solid fuels: 

0.80 (344) 

emission limit. (Refer to note 3) - 
Subbituminous coal 0.50 (215) 
Bituminous coal 0.60 (258) 
Anthracite coal 0.60 (258) 
All other fuels 0.60 (258) 
Notes: 
1.  NO, is expressed as NO2. 
2. Exempt from NO, standards and NO, monitoring requirements. 
3. Any fuel containing less than 25% by weight lignite is not prorated but its percentage is added to 

4. Conversion is 1 lb/106 Btu = 430 ng/J (nanograms per joule). 
5. CFR, Title 40, Part 60, Subparts D & Da, 1992 (CFR, 1992). 
Source: CFR (1992) 

the percentage of the predominant fuel. 

resulting from PSD analyses have required low-NO, burners to produce less than 0.50 lb 
NO, per lo6 Btu fired (approximately 615 mgiNm3, burning coal at 6% 02). It should be 
noted that in most areas where new power plants are located, more stringent local and state 
rules will also apply because most urban areas fail to attain the ozone standard. 

In areas not meeting NO, or ozone air quality standards, new plants are subject to a new 
source review and must use Lowest Achievable Emission Rate (LAER) emissions controls. 
Cost of the controls is not a consideration with LAER. This means post-combustion controls, 
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Table 1 0 4  
NSPS for I n d u s t r i a l - C o m m e r c i a l ~ ~ ~ a l  Steam Generating Units 

between 100 and 250 x 10s Btuh 
(Current as of August 1995)* 

NO, Emission Limit in 
Terms of Heat Input' 

lb/106 Btu/(ng/J) 

0.10 (43) 

FueYSteam Generating Unit Type 

(1) Natural gas and distillate oil, except (4): 
(i) Low heat release rate 
(ii) High heat release rate 0.20 (86) 

(i) Low heat release rate 0.30 (129) 
(ii) High heat release rate 0.40 (172) 

(i) Mass-feed stoker 0.50 (215) 
(ii) Spreader stoker and fluidized bed combustion 0.60 (258) 
(iii) Pulverized coal 0.70 (301) 
(iv) Lignite, except (v) 0.60 (258) 
(v) Lignite mined in North Dakota, South Dakota, 

0.80 (344) 
(vi) Coal-derived synthetic fuels 0.50 (215) 

(i) Natural gas and distillate oil 0.20 (86) 
(ii) Residual oil 0.40 (172) 

(2) Residual oil: 

(3) Coal: 

or Montana and combusted in a slag tap furnace 

(4) Duct burner used in a combined cycle system: 

Notes: 
1. NO, is expressed as NOz. 
2. CFR, Title 40, Part 60, Subpart Db, 1992 (CFR, 1992). 

such as SCR or possibly Selective Non-Catalytic Reduction (SNCR), will likely be required 
in a growing number of cases. New plants in these areas will also be required to obtain off- 
sets of their NO, emissions from existing sources (Public Law 101-549, 1990). Offsets are 
reductions in NO, from other sources in the area that are at least equal to the total potential 
NO, emissions from the proposed facility. 

In states such as California and New Jersey, which have severe pollution problems, BACT 
(applicable in attainment areas) has been interpreted as either SCR or SNCR for certain 
applications. In other states that do not have a severe pollution problem, combustion control 
technologies have been acceptable. New sources must undergo a case-by-case review, and 
this has resulted in a trend toward lower NO, emission limits. Technology limits are not yet 
fully defined. 

Other Pending Provisions 

Inter-pollutant trading would be very complex and is not yet attractive to owners or to the 
EPA. However, this concept is being studied by the EPA. National market-based NO, emission 
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Table 10-4~ 
NSPSforComlwstionTurbines(CummtasofAugust1995)5 

NO, Emission Limit' 
(PPm) Combustion Turbine Size and Use 

Electric utility stationary gas turbines with heat input greater 
than 100 x IO6 Btu/h2. 
Stationary gas turbines with heat input 
between IO x lo8 and 100 x lo6 Btulh 
(about 1,OOO hp to 10,OOO hp)2-3 
Stationary gas turbines with a manufacturer's rated base 
load at IS0  conditions of 30 megawatts or 
less except electric utility stationary gas turbines2. 
Stationary gas turbines with heat input less than 10 x IO6 
Btu/h; those using water or steam for NO, control when ice 
fog is a traffic hazard; those used for emergency, military 
facilities (except garrison facilities), military training facilities, 
fire fighting, research and development (on a case-bycase 
basis); those located where (and when) mandatory governmental 
water restrictions apply, certain ones covered by other regulations, 
and those with heat input greater than 10 x lo6 Btuh and fired by 
natural gas when firing emergency fuel, and regenerative cycle 
units with heat input less than or equal to 100 x lo6 Btuh 

754 

150" 

1 SO4 

None 
Notes: 
1. NO, is expressed as NO2. 
2. Based on lower hearing value of the fuel fired. 
3. At 15% oxygen on a dry basis. 
4. Adjustments to the NO, emission limits are allowed for unit eficiency andfuel-bound nitrogen. 
5. CFR. Title 40, Part 60, Subpart GG, 1992 (CFR, 1992). 

allowances are still only a concept, but could be adopted if SO2 allowances are traded success- 
fully. This is the only trading concept that the EPA is considering seriously at this time. 

Japanese Regulations 
Government regulations for NO, emissions were first issued in Japan in 1973 (Yamamura 

and Suyama, 1988). For new large plants, regulations have become increasingly stringent 
and appear to have stabilized at the current limits as summarized in Table 10-5. 

European Regulations 
In the 198Os, there were significant developments in European NO, control legislation and 

policies. The impetus was concern about the effects of NO, emissions on forests. Although 
vehicles produce the majority of NO, emissions, stationary sources were the main targets of 
legislation. 
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Table 10-5 
NO, Regulations in Japan 

Plant Type Limit (ppm) 

Coal 200 @ 6% O2 
Oil 130 @ 4% 0 2  

Gas 60 @ 5% 0 2  
Diesel Engine Cogeneration 
Gas Turbine Cogeneration 
Notes: 
1. Typical limit: actual value can be as  low as 50 ppm in some areas. 
2. Typical limit: limits set by local regulations could be lower. 
Source: Yamamura and Suyamu (1988) 

950 (Refer to Note 1) 
70 (Refer to Note 2) 

Emission standards for NO, in Europe vary a great deal from country to country. In addition 
to national limits, local regulations may be applied in many countries. Standards have been set 
for various fuels such as coal and other solid fuels, oil, natural gas, and municipal waste. 

Tables 10-6 and 10-7, respectively, list the plant capacities covered by NO, regulations 
and NO, emission standards for coal-fired plants in Europe. Most countries with coal stan- 

Table 10-6 
Plant Capacities Covered by NO, Control Regulations in Europe 

Existing Plants 
New Plants Current Planned 

European Country Current Regulations Regulations Regulations 

Austria >50 MW, 
Belgium >50 MW, 
Denmark >50 Mw, 
Federal Republic of Germany >1 MW, 

Italy >lo0 MW, 
Netherlands (Refer to Note 2) 
Sweden (Refer to Note 2) 
Switzerland >1 MW, 
United Kingdom >7o0 MW, 
European Community >50 MW, 

>50 MW, 

250 MW, 
> M w ,  

(Refer to Note 1) 
2400 Mw, 

(Refer to Note 2) 

>1 MW, 
(Refer to Note 2) 

Notes: 
1. The “greater than I MW,” requirement applies only to circulating fluidized bed type boilers. 
2. No minimum plant size is stated in the regulation. 
3. MW, stands for t h e m 1  megawatts. Electrical megawatts (MWJ are about % of MW, values. 
Source: Hjalmarsson and Vernon (1989) 
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Table 10-7 
Range of NO, Emission Standards for Coal Combustion Plants in Europe 

European 
Country 

Austria 

Belgium 

Denmark2 
Federal Republic of Germany 
Italy 
Netherlands 
Sweden2 

Switzerland 
United Kingdom 
European Community 

New Plants 
Current Planned 

Regulations Regulations 
mg/m3 (mg/MJ) mg/m3 

800 

650-800 200-400 
from 1996 

1,150 (400 
200-500 

650 
400-800 
140 (50) 

200-300 
670 (330) 
650-1,300 

Existing Plants 

Current Planned 
Regulations Regulations 

mg/m3 mg/m3 (mg/MJ) 

2oo-600 
from 1994 

200-1,300 
1,200 
1,100 

140-280 
(50-200) 

from 1995 
200-500 

Notes: 
I .  The siandards in mg/m’ are based on a iemperaiure of 0°C a pressure of 1 atmosphere, and 6% 
O2 in dry flue gas, except for some ‘ypes of combustion technology in the Federal Republic of 
Germany where O2 is between 5 and 7%. 

2. Danish and Swedish regulations are in terms of mg/MJ. Conversions are approximate. 
Source: Hjalmarsson and Vernon (1989) 

dards also have standards for gas- and oil-fired plants. These standards are summarized in 
Table 10-8 (Hjalmarsson and Vernon, 1989). 

Germany and Austria are the only countries with national NO, emission limits for waste 
incinerators. The limit in Germany is 500 mg/m3 for all plants (at 11% O2 for feed rates 
>750 kg wasteh, 17% O2 for feed rates <750 kg wasteh), and in Austria the limit is 100 
mg/m3 for plants larger than 750 kg wasteih (Hjalmarsson and Vernon, 1989). 

PROCESS CATEGORIES AND COSTS 

NO, control technologies for combustion sources can be conveniently divided into three 
main categories: 

Pre-combustion 
Combustion 
Post-combustion 

Costs for the various NO, reduction techniques are given in several tables in this chapter. 
Two computer programs are available for estimating the costs of NO, control techniques. 
These are EPA’s Integrated Air Pollution Control System (IAPCS) model for coal-fired 
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Table 10-8 
Range of NO, Emission Standards for Oil and Natural Gas Combustion Plants in Europe 

European 
Country 

Austria 
Belgium 

Denmark 
Federal Republic 
of Germany 
Italy 
Netherlands 
Sweden2 

Switzerland 
United Kingdom 
European 
Community 

Oil-Fired Plants 
New Plants Existing Plants 

m@m3 ( m w )  m@m3 ( m m )  

450 150450 
450, but 

150 after 1995 
- - 

250-450 250-700 
650 1,200 
300 700 

140-560 (50-200) 140-560 (50-200) 
from 1995 

150450 
564 

450 

Natural Gas-Fired Plants 

New Plants Existing Plants 
m@m3 (mglMJ) m@m3 ( m m )  

350 150-300 
350, but 

100 after 1995 

2W350 200-500 

200 500 
14CL560 (50-200) 140-560 (50-200) 

100-200 

350 
Notes: 
1. The standards in mg/m’ are based on standard temperature and pressure at 3% 02. 
2. Swedish regulations are based on mgMJ. Conversions are approximate. 
Source: Hjalmarsson and Vernon (1989) 

power plants and the Electric Power Research Institute’s CAT Compliance Planning Work- 
station (Kaplan, 1993; Sopocy et al., 1991). The Integrated Air Pollution Control System 
model is useful in examining the cost sensitivity of a technology to a number of variables. 
The CAT workstation can be used to assess a multitude of compliance options and scenarios, 
especially for multi-unit systems. It uses best available correlations of NO, production with 
fuel, boileribumer type, and other combustion parameters. It can estimate the emissions from 
individual boilers, plants, and utility systems, identify NO, controls to meet emission reduc- 
tion targets, and estimate the cost of NO, reduction retrofits. 

PRE-COMBUSTION NOx CONTROL PROCESSES 

Re-combustion NO, control is aimed at reducing the formation of fuel NO, and consists 
primarily of switching to a fuel with lower nitrogen content. Gas combustion generates less 
NO, than oil, and oil less than coal. 

Virtually all experts concede that, unlike sulfur, it is impractical to remove nitrogen from 
fuels to reduce NO, emissions and no process for removing fuel bound nitrogen is on the 
commercial horizon. With coal, factors such as coal chemistry, including volatile species, 
oxygen, and moisture content, appear to control the formation of NO, more than the nitrogen 
content. For all fuels, NO, control focuses on minimizing NO, formation during the combus- 
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tion process andor reducing its concentration in the flue gas in a downstream treatment 
process (Makansi, 1991). 

COMBUSTION NOx CONTROL PROCESSES 

The formation of thermal NO, in a combustion zone can be reduced by decreasing (1) 
available oxygen, (2) peak temperature, andor (3) time at high-temperature, high-oxygen 
conditions. The formation of fuel NO, is relatively independent of temperature and occurs 
only when the fuel contains nitrogen compounds. Fuel NO, formation can be decreased by 
providing reducing conditions and sufficient residence time in the initial combustion zone to 
assure that N2 rather than NO, is the final product of nitrogen compound oxidation. Unfortu- 
nately, the conditions that favor low thermal and fuel NO, formation are not optimal for high 
fuel combustion efficiency, so compromises are necessary in the design of combustion NO, 
control processes. 

Commercial combustion NO, control technologies utilize one or more of the above basic 
principles in the following concepts: 

1. Fuel staging 
2. Combustion air staging 
3. Total combustion air reduction 
4. Flame quenching 

Fuel staging consists of establishing two distinct combustion zones; part of the fuel is 
mixed with all of the air in the first stage, which operates at a reduced temperature because of 
the large amount of excess air, and the balance of the fuel is added in the second stage. The 
second stage also operates at a reduced temperature (compared to single stage combustion) 
because of heat loss from the first stage and the dilution effects of inerts and combustion 
products in the gas from the first stage. Fuel reburning represents a special case of fuel staging 
in which auxiliary fuel is added downstream of the main combustion zone in the furnace. 

Combustion air staging also involves the use of two combustion zones; however, it differs 
from fuel staging in that the first stage operates under substoichiometric rather than excess 
air conditions. In combustion air staging, only a portion of the required air (and all of the 
fuel) is added to the first stage to maintain a relatively low temperature and reducing condi- 
tions. The balance of the air is introduced further in the furnace to complete the combustion 
(Kuhr et al., 1988; Casiello, 1991). Overfire Air (OFA), Burners Out of Service (BOOS), 
and fuel biasing utilize the basic concept of combustion air staging. 

Both fuel staging and combustion air staging may be accomplished by special burner 
designs or by modifying the operation of the boiler furnace. Total combustion air reduction 
is an operating technique in which combustion is accomplished with very little excess air. 
This reduces NO, formation by reducing the amount of oxygen available to react with nitro- 
gen. Flame quenching consists of injecting either steam or water (for combustion turbine 
applications) into the combustion zone. These thermal diluents reduce the flame temperature 
and thus the formation of thermal NO,. 

NO, combustion control technologies using these concepts are identified in Table 10-9. 
The development status of these technologies as well as general performance and cost infor- 
mation are also summarized. The NO, reductions indicated in Table 10-9 are representative 
only. The reported, potential NO, reductions with each technique vary widely depending on 
the source of the data. Using these technologies either alone or in combination, the average 
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Table 10-9 
Features of Combustion NO, Control Technologies 

Approximate Retrofit 
NO, Reduction, Cost, 

Technology Developmental Status % W W  

Boilers: 
Low-Excess Air Firing 

(LEA) 

Burners Out of Service 
(BOOS) 

Fuel Biasing 

Ovefire Air (OFA) 

Flue Gas Recirculation 
(FGR) 

Low-NO, Burners (LNB) 

Fuel Reburning 

Combustion Turbines: 
Water/Steam Injection' 

Dry LOW-NO, 
Combustors I 

This marginal technique has been 
widely used for more than a decade. 

This technique has been successful 
on gas-fired units, but has had 
poor results on coal. 

Results have been similar to BOOS. 

In use for more than 30 years. 
Very effective in combination with 
sub-stoichiometric combustion 

techniques. 

This technique is a viable technique 
for natural gas. It was ineffective 
with coal and was withdrawn from 
the market. 

Technology is in commercial operation. 

Reburning with gas (in gas- or coal-fired 
units) has shown some promise, but 
is not yet widely commercial. 

Reburning with coal requires demon- 
stration of coal micronizing tech- 
nology except on cyclone boilers 
where 4040% reductions have been 
demonstrated (McKinney, 1993). 

Commercially available. 

Commercially available from some 
manufacturers. 

10-30 0-10 

10-50 0-10 

10-30 0-10 

10-30 5-15 

20-60 4-12 

20-65 6-25+ 

40-60 30-50 

60-80 Note 2 

>90 Note 2 
Notes: 
1.  Applicable to combustion turbines only. 
2. Users have not been required to retrofit combustion turbines with these technologies. 
Source: Pacer (1992), Brusger et al. (1990), Katzberger and Sloat (1990), Pachello (1993), Makansi (1988), 

and Campobenedetto (1994) 
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boiler can achieve 10 to 65% NO, reduction, while combustion turbines can achieve greater 
than 60%. Depending on the fuel fired and the burner design, possible impacts include 
increased CO, particulate, and unburned hydrocarbons emissions; loss of combustion effi- 
ciency (i.e., increased carbon in the flyash); increased slagging, fouling, and corrosion; 
changes in furnace heat-release rates; unstable or even unsafe furnace operation; reduced 
turndown capability; added complexity of controls; and increased maintenance. Table 10-10 
indicates the technologies that are applicable to various types of coal-fired boilers. 

Table 10-10 
Combustion NO, Control Technologies for Coal-Fired Boilers 

i r ing  Mode NO, Technology 

Pulverized Coal: Wall-Fired Dry Bottom 
Pulverized Coal: Tangentially-Fired Dry 

Pulverized Coal: Wet Bottom 
Pulverized Coal: Cell Burners 

LNB, OFA 

Bottom LNB, OFA 
Fuel reburning 
Low-NO, cell burners or conventional LNB, 
with or without OFA. Use of inverted 
OFALNB cells. 

New burner design, OFA, fuel reburning 
Pulverized Coal: Burners in Arch 

Cyclone Fuel reburning 
Stoker Fuel reburning, additional OFA 
Source: Pacer (1992) 

Arrangement 

Table 10-11 indicates projects intended to demonstrate some of these combustion modifica- 
tion technologies for commercial feasibility or demonstrate applicability where they have not 
been used previously. The degree of NO, reduction achievable while maintaining acceptable 
boiler performance is an important element of these test programs. As of mid-1994, all of the 
programs had been completed except the TVA micronized coal reburning program. 

Low-Excess Air Firing 

Low-Excess Air (LEA) f ~ n g  is an operational control strategy. Since high excess air causes 
high NO, emissions, the idea is to operate the boiler with the lowest excess-air that is safe, effi- 
cient, and practical. The technology should be incoIporated into any efficient low-NO, com- 
bustion system. It has been reported that 10-20% NO, reduction can be achieved per percent- 
age point reduction in boiler 02. This strategy requires process control modifications rather 
than new or modified hardware. It is the least expensive to install and can increase boiler effi- 
ciency. LEA is also applicable to modern waste-to-energy facilities (Makansi, 1988). 

Burners Out of Service and Fuel Biasing 

Off-stoichiometric conditions are achieved by modifying the primary combustion zone 
stoichiometry, Le., the aidfuel ratio. Burners Out of Service (BOOS), which is an operational 
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Table 10-1 1 
NO, Emission Control Technology Demonstrations 

I Technology Sponsors Project Site 

Overfire Air Southern Co. (CCT) Hammond 

EERC (CCT) Cherokee 
Low-NOx Burners Southern Co. (CCT) Hammond 

EERC (CCT) Cherokee 
Low-NOx Cell Burners B&W (CCT) JM Stuart 
Coal Reburning B&W (CCT) Nelson Dewey 
Gas Reburning EERC (CCT) Hennepin, Lakeside 

Southern Co. (CCT) Smith 

Southern Co. (CCT) Smith 

EERC (CCT) Cherokee 

Micronized Coal Reburning TVA (CCT) Shawnee 

Note: These projects generally have several participants in addition to the indicated sponsors. All 

Source: US. DOE (1992) and Flora et al. (1991) 

EPA, DOE, GRI Niles 

Clean Coal Technology (CCT) projects are co-jiunded by Department of Energy. 

technique, achieves reductions in NO, emissions from multiple-burner level oil- and gas- 
fired boilers by blocking the fuel flow to an upper level of burners allowing only air to pass 
through them. The fuel that would have gone to them is redirected to the burners in service, 
providing a crude form of air staging. Significantly higher O2 imbalances and CO emissions 
have resulted using this technique, but both can be controlled by implementation of the prop- 
er BOOS pattern. BOOS is not regarded as a suitable technique for coal-fired boilers 
(Makansi, 1988; Kuhr et al., 1988; Wood, 1994). With Fuel-Biasing, the furnace is divided 
into upper and lower combustion zones. The lower zone is operated fuel-rich to control NO, 
formation, and the upper zone is operated fuel-lean to complete the combustion. The tech- 
nique is proven only on oil- and gas-fired utility boilers (Makansi, 1988). These techniques 
are generally applicable only to large, multiple-burner combustion devices (Wood, 1994). 

Overfire Air 

With Overfire Air (OFA), fuel bums initially with minimal air and sometimes at a defi- 
ciency of air (sub-stoichiometrically) with additional air introduced as overfire air. OFA 
ports are located above the highest elevation of burners or above the grate of a stoker-fired 
boiler. Ten to twenty percent of the total combustion air flow is introduced above the burner 
zone. It is important that adequate mixing of the OFA with the primary combustion products 
occurs. When combined with low-NO, burners, this technology is very effective. The points 
to consider in OFA design are port location, number, and geometry; boiler dimensions; fuel 
type; boiler operation; fan capacity; port spacing; boiler pressure drop; and the structural 
integrity of the boiler walls (Makansi, 1988). A variation of this technique, lance air, consists 
of installing air tubes around the periphery of each burner to supply staged air. The technique 
is generally applicable only to large, multiple-burner combustion devices (Wood, 1994). 
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Flue Gas Recirculation 

With Flue Gas Recirculation (FGR), flue gas is introduced with the combustion air and 
acts as a thermal diluent to reduce the combustion temperature. Usually, the amount of flue 
gas recirculated corresponds to 10-20% of the combustion air. FGR reduces only thermal 
NO,. It is suitable only for oil- and gas-fired boilers. Results with coal have been generally 
disappointing. In coal-fired stoker units, FGR provides better grate cooling. FGR has been 
successfully applied on industrial solid fuel-fired units and is considered appropriate for 
waste-to-energy plants. Retrofit modifications include new ductwork, gas recirculation 
fan(s), flue gadair mixing devices and controls (Makansi, 1988; Wood, 1994). Gas recircula- 
tion fans can be troublesome. 

A closely related technique, reduction of air preheat temperature, reduces NO, formation 
because it also reduces peak flame temperature. But a substantial energy penalty results, 
about 1% efficiency loss for each 40°F reduction in preheat. In some cases, this may be off- 
set by adding or enlarging the existing economizer (Wood, 1994). 

Low-NO, Burners 

Low-NO, burners (LNB) are expected to be widely used to meet the NO, control require- 
ments of Title IV. The major boiler, combustion turbine, and burner companies have devel- 
oped low-NO, burners for both retrofit and new boilers, turbines, and heat recovery steam 
generators (HRSGs). Each manufacturer has its own design, but all generally incorporate 
features to slow the rate of air-fuel mixing, reduce oxygen availability in the critical NO, for- 
mation zones, and reduce the peak flame temperature. Many boiler vendors have incorporat- 
ed OFA andor staged combustion into their burner designs. Most of the burner manufactur- 
ers have proven low-NO, burners for gas and oil fuel, but only a few have low-NO, burners 
for pulverized coal applications. 

All low-NO, burners reduce NO, emissions by reducing the formation of thermal and fuel 
NO, in the combustion area. This is accomplished by reducing flame temperatures by stag- 
ing and controlling secondary air. Air staging involves removing some of the combustion air 
from the burner and introducing it evenly into the flame later to complete char burnout. The 
amount of oxygen in the fuel-rich primary or devolatization zone is reduced, inhibiting NO, 
formation. Secondary air is then injected evenly into the flame to complete the combustion at 
lower temperatures. 

Older pulverized coal burners typically have no moving parts and receive secondary air 
from a common windbox. No effort is made to distribute the air evenly to the burners except 
by manual adjustment of registers during commissioning. Early research on low-NO,, pulver- 
ized coal burners led to compartmentalizing the windboxes, since the open windbox resulted 
in significant imbalances in secondary air flow to the burners. Compartmentalization proved 
to be extremely expensive and involved significant physical windbox and air duct changes. 

The major U.S. manufacturers of coal-fired burners have put significant effort into design 
improvements (particularly in materials). Results with low-NO,, coal-fired burners have 
been mixed. NO, reduction is a function of boiler geometry, fuel properties, and boiler oper- 
ation. Not all existing boilers can be economically retrofitted with low-NO,, coal-fired burn- 
ers. The retrofit can be complicated and may require windbox redesign. Operation and main- 
tenance of low-NOx, coal-fired burners requires more operator attention and upgrading to 
microprocessor-based burner controls is advisable. Also, low-NO,, coal-fired burners may 
increase CO and unburned carbon emissions. 
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Garg (1994) reviews the specification of low-NO, burners for furnaces. He identifies five 
major requirements for these burners that apply to all types of fuels: 

1. Significant reduction in NO, formation 
2. A flame pattern compatible with the furnace geometry 
3. Easy maintenance and accessibility 
4. A stable flame at turndown conditions 
5. The ability to handle a wide range of fuels 

Low-NO,, coal-fired burners potentially affect electrostatic precipitators if unburned car- 
bon emissions increase. Increases of up to 2 times baseline values have been reported. Car- 
bon re-entrains easily in an electrostatic precipitator, potentially increasing emissions 
because it has very low resistivity (Piepho et al., 1992; Baublis and Miller, 1992), particular- 
ly if it is greater than 10% of the fly ash. Carbon can also adsorb SO3. The adsorption of SO3 
can cause the electrostatic precipitator to lose its conditioning from either the natural SO3 in 
the flue gas or from injected SO3. Potential long-term effects are still not known. Other 
effects resulting from a low-NO,, coal-fired burner conversion, such as more fly ash due to 
less slag formation in the boiler and more flue gas volume, appear to be case specific. When 
excessive particulate emissions result from a combined low-NO,, burner conversion and a 
coal switch, flue gas conditioning can be used to assure compliance (Kumar, 1993). In one 
case when low-NO,, coal-fired burner conversion caused high carbon in the ash, dual flue 
gas conditioning was used successfully (Krigmont and Coe, 1990). A retrofit combining fuel 
reburning with low-NO,, coal-fired burners may also be used to reduce unburned carbon. 

Fuel Reburning 

Fuel reburning involves diverting 10-20% of a boiler’s fuel input to create a secondary 
combustion zone downstream of the primary zone. In the secondary or reburn zone, NO, 
from the primary zone is reduced to elemental N2. Additional air is added higher up in the 
furnace to complete the combustion. Mixing of the rebumed fuel, additional overfire air, and 
combustion gases is critical. The important characteristics of the rebum fuel are low nitrogen 
and high volatility. Natural gas and low-nitrogen fuel oils meet these criteria. Coal may be 
applicable if it is low in nitrogen, can be dispersed evenly in the furnace, and can be burned 
out within the available residence time. Demonstrations of gas and coal reburning are part of 
U.S. Department of Energy Clean Coal Technology Projects and are being tried elsewhere as 
well. Reburn configurations are customized specifically for existing boilers, and in some 
instances may be the only applicable in-furnace NO, control solution (Makansi, 1988; 
M e s h  and Bono, 1993; Yagiela, 1993). 

Water/Steam Injection 
The injection of water or steam into the combustion zone is usually applied to combustion 

turbines only. While application to oil- and gas-fired boilers is feasible, it is rarely practiced 
(Makansi, 1988). When water is injected (usually as a fine spray) into a turbine combustor, 
heat from the burning fuel vaporizes the water and brings the resulting mixture of fuel, air, 
water vapor, and combustion products to a lower temperature than would occur otherwise. 
Since the residence time of air in the combustion zone is unchanged by water injection, the 
lower rate of thermal NO, formation resulting from the lower flame temperature causes a 
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decrease in NO, emissions. (Water injection rates of 0.75 to 1.2 Ib water per lb fuel have 
typically been used.) Water injection limitations are set by the onset of flame instability, high 
CO emissions, increased unburned hydrocarbon emissions, severely increased wear rates of 
combustion hardware, and possibly by too close of an approach to the compressor flow surg- 
ing region (Schreiber, 1991). 

Steam injection can also be used to cool and dilute the flame. Since the heat of vaporization is 
provided by a heat source external to the turbine combustor, there is less flame cooling per unit 
of steam injected. Steam injection is also less prone to cause the flame instability that leads to 
dynamic pressure pulsation and to higher combustor component wear (Schreiber, 1991). 

In a combined cycle application, steam rather than water may be the desirable choice as the 
diluent to maximize the thermodynamic efficiency of the plant. However, the decision to use 
steam or water injection is usually an economic choice dependent on whether the steam is 
more valuable to generate electricity or to control NO,. For a natural gas-fired machine, 
approximately 60% more steam than water is needed to control NO, to a given concentration. 
However, the energy to generate the steam comes from gas turbine exhaust heat rather than 
turbine fuel. The heat rate penalty is generally less for steam than for water (since additional 
energy is needed to vaporize the water) and the impact of steam on pressure oscillations and 
CO generation is less than that of water, especially at higher flow rates. Still there is a heat 
rate penalty of more than 2% when steam is used to control NO, emissions from a natural 
gas-fired combined cycle plant to achieve less than 42 ppmvd (ppm volumetric and dry) NO, 
in the exhaust (Schorr, 1992). Where regulatory requirements dictate lower emission levels, 
operating hour limits or post combustion treatment may be needed for NO, compliance. 

Dry Low-NO, Combustors 

All of the dry low-NO, combustors currently available for combustion turbines utilize the 
lean pre-mix principle of operation, which creates a homogeneous, fuel-lean mixture of fuel 
and air prior to combustion. This mixture is then introduced to the combustion zone of the 
combustion chamber at a controlled velocity sufficiently higher than the local speed of flame 
propagation to prevent flashback into the pre-mix zone. However, the pre-mixture velocity 
must be low enough to avoid blowing the whole flame downstream (Schreiber, 1991). 

When burning in this mode, all parts of the fuel-air mixture are at or above the stoichio- 
metric aidfuel ratio. Therefore, there is no diffusion flame front (plane along which combus- 
tion starts, or base of the flame) where high temperature exists. The resulting flame is lower 
in temperature, since the energy released by combustion must heat a greater mass of air that 
is in contact with it at the moment of combustion. Since the burning rate is a function of the 
temperature, the cooler flame associated with the lean pre-mix mode of operation requires 
more time for full burnout of fuel than the hotter diffusion flame. Therefore, dry low-NO, 
combustors are more complex than diffusion type combustors in that they require precise 
control of local velocities and sequencing of fueVair ratios during transients, starts, and 
stops. To prevent lean blowout of the main flame, pilot diffusion flames generating NO, at a 
high rate (but at a low total mass flow) may be employed. 

This technology is relatively new and is still being actively developed and refined. 
Siemens and ABB both offer dry low-NO, silo type combustors. The General Electric Com- 
pany offers a can-annular combustor and Westinghouse is developing a can-annular system. 
The combustors are generally capable of operation in two modes: dry low-NO, operation fir- 
ing gaseous fuel only and operation in the diffusion flame mode firing oil with steam- or 
water-injection for NO, reduction. 
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POST-COMBUSTION NOx CONTROL PROCESSES 

Post-combustion processes, by definition, are located downstream of the combustion zone. 
Post-combustion NO, control processes can be. classified as 

Selective non-catalytic reduction (SNCR) 
Selective catalytic reduction (SCR) 
Combined NOJS02 processes 
Other NO,-only processes 

SNCR and SCR use ammonia or urea to reduce NO, in the combustion gases to elemental 
nitrogen. A significant common consideration with both of these processes is ammonia slip, 
Le., unused ammonia in the downstream flue gas. However, ammonia slip, which exists 
whether ammonia or urea is the reagent, can be effectively controlled. The acceptable 
amount of ammonia slip is usually dictated by fouling limitations and by permit require- 
ments. Regulators often set 10 to 15 ppm at the stack as the maximum allowable ammonia 
concentration. 

Several detrimental side reactions occur when ammonia slip is high. Of prime concern are 
the reactions between excess ammonia, SO3, and water in the flue gas to form ammonium 
sulfate and ammonium bisulfate. These reaction products, if present in sufficiently large 
quantities, contribute to fouling and corrosion. Depending on the concentration of SO3 in the 
gas, ammonium sulfate can form as a powdery substance at temperatures between 500' and 
about 580°F. At lower temperatures, typically between 200"-35OoF, ammonium sulfate con- 
verts to ammonium bisulfate if sufficient S q  is present. The deposition temperature of 
ammonium bisulfate as a function of ammonia and sulfur trioxide concentrations in the flue 
gas is given by Pease (1984). Temperatures between 500" and 580°F occur upstream of the 
air preheater, and drop into the lower range within the air preheater. At air preheater interme- 
diate zone temperatures, in particular, ammonium bisulfate is a corrosive, sticky liquid, 
which has an affinity for dust and soot and promotes the buildup of deposits. Limiting air 
preheater fouling and corrosion to low levels requires that the ammonia slip be maintained 
below acceptable limits at all times. To mitigate the effects of ammonia salts on downstream 
equipment, typically allowable values of ammonia slip are 5 ppm for hot-sidehigh-dust SCR 
applications, less than 2 ppm for hot-siddow-dust SCR applications, 2-5 ppm for cold-side 
SCR applications, and 5-10 ppm for oil-fired SCR applications (Robie et al., 1991A). For 
natural gas-fired applications, the ammonia slip value is usually dictated by environmental 
constraints because there is little or no sulfur in the gas (Cho and Dubow, 1992). Higher slip 
values are possible for high-dust applications since the abrasive action of the ash will remove 
ammonia salts. For SNCR applications, ammonia slip values as high as 20 ppm have been 
used. These values are largely based on experience and each case requires individual consid- 
eration. Tests with oil-fired boilers (Hurst, 1981) have shown that the ammonium salts that 
deposit on ducts and equipment can be removed by periodic water washing. 

The ammonia salts can also contaminate the fly ash and flue gas desulfurization (FGD) 
wastewater, create a visible stack plume (at about 20 ppm), and add another pollutant to the 
flue gas. Where ash has been sold in Gennany, the ammonia slip has been limited to 2 ppm. 
This value was determined based on experience, and depends in part on the quantity of ash. 
As the flue gas cools further, any HCl present in the flue gas and the excess ammonia can 
combine to form ammonium chloride which, when present in sufficient quantities, causes a 
visible stack plume. Under some conditions, ammonium nitrate can form. Ammonia slip, by 
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combining with the sulfur trioxide in the flue gas, can reduce the resistivity of the fly ash, 
which could necessitate additional sulfur trioxide injection into the flue gas ahead of an elec- 
trostatic precipitator to maintain its performance. 

Ammonia-related plume formation and resulting opacity problems are often overlooked 
during design with potential costly consequences. As an example, at Biogen Power 1, an 18 
MW, fluidized bed boiler firing waste coal fines, it was found that chlorine concentrations as 
low as 0.01% in the fuel caused visible plume/opacity problems. At 300"F, NH3 and HCl are 
gases; at 200°F they combine to form solid ammonium chloride which can form a detached 
plume. To mitigate the problem, it was proposed that the NO, limit be raised in the winter 
when ozone concentrations are the lowest and plume opacity problems are the greatest. This 
recommendation, based on modeling studies, would reduce the ammonia slip and virtually 
eliminate the plume formation problem (Lange et al., 1994). 

With SNCR systems, high NO, reduction usually means high ammonia slip. Transient 
thermal conditions under cycling conditions can also cause high ammonia slip and prevent 
slip from being reliably guaranteed in SNCR applications. Pilot plant tests and kinetic mod- 
eling by Muzio et. al. (1991) also established that SNCR processes based on the use of 
ammonia, urea, and cyanuric acid all produce some N20. Ammonia injection produced the 
lowest levels, while cyanuric acid produced the highest levels. 

Table 10-12 compares SNCR and SCR technologies. Effective temperature ranges, typi- 
cal NO, reductions, typical ammonia slips, reagents, reagent utilizations, enhancers, reagent 
dilutiodcarrier gas requirements, injection method, and energy losses are summarized. 
Although not considered here, some companies offer combined SNCWSCR processes. 

Selective Non-Catalytic Reduction (SNCR) Processes 

Selective Non-Catalytic Reduction is a post-combustion NO, control method that reduces 
NO, via injection of ammonia or a urea-based reagent into the upper furnace and/or convec- 
tion section of the boiler. As SNCR requires an elevated temperature, it is sometimes 
referred to as thermal reduction. The process is particularly applicable to older furnaces with 
longer residence times in the SNCR reaction temperature range, where combustion controls 
are very expensive or not possible, where the boiler has a low capacity factor or short 
remaining life, or where system-wide averaging can be used. 

NOfllJT Process 

General. The N0,OUT process is a commercial SNCR process for the reduction of NO, 
using N0,OUT A (a proprietary mixture of urea and small amounts of chemicals that inhibit 
urea precipitation and scaling) (Fuel Tech, 1989A). In some applications, additional chemi- 
cals, called enhancers, are injected into the boiler to improve process performance. The 
process emerged from research on the use of urea to reduce nitrogen oxides initially conduct- 
ed in 1976 by the Electric Power Research Institute (EPFU). EPFU obtained the first patent on 
the fundamental urea process in 1980 (Cornparato et al., 1991). Since 1990, Nalco Fuel 
Tech, EPRI' s exclusive commercial licensing agent, has commercialized the technology as 
the N0,OUT process (Fuel Tech, 1989B). Other U.S. companies have licensed the technolo- 
gy from Nalco Fuel Tech including Research-Cottrell, Foster Wheeler, Wheelabrator, RJM, 
and Todd Combustion (Hofmann, 1994). The process has been demonstrated in over 60 tests 

(text continued on page 892) 



Effective Temperature Range 

SNCR 
Using Ammonia 

1,600-2,000"F without 
enhancers, down to 1,300"F with 
enhancers. The optimum tem- 
perature is about 1,750"F 
depending on the application. At 
about 1,83O0F, NH3 oxidization 
to NO, in the gas stream 
becomes significant, and this 
reaction becomes predominant 
above 2,200"F. 

Typical NO, 
Reductions, %'.2* 

Typical Ammonia Slip, ppmv 

SCR 
Using Ammonia 

Temperature range depends on the catalyst formulation. For base metal 
catalysts, 450-1,05OoF possible, 600-700"F typical. Upper limit is typi- 
cally established by catalyst sintering. The lower limit is typically 
established to prevent ammonium sulfate deposition. Ammonium sul- 
fate formation depends on the fuel sulfur content: typical temperatures 
are 570-580°F with coal and 5W°F with natural gas (no sulfur) at full 
load. Temperatures less than 400OF are possible for low load operation 
under some conditions. Usually, the ammonia is shut off and the ammo- 
nia is allowed to desorb from the catalyst before temperature is ramped 
down into this range. Catalyst activity rates and poisoning are important 
considerations particularly at low load. Precious metal catalysts (with a 
lower temperature range) and zeolites (suitable to about %O°F) are typ- 
ically not used for boilers. 

Typical Reagent Utilization 
Neglecting Ammonia Slip, % 

4&70 (80% with circulating fluidized bed boilers) 

c5 to 20. Low slip is not likely at high NO, reductions. 
Slip depends on the boiler and the residence time. 

SNCR 
Using Urea 

1,650-2,200"F without 
enhancers, down to 1,400"F with 
enhancers. As low as 1,000OF 
based on flame tube data, but 
reaction time may be a concern. 
Upper temperature limit is deter- 
mined by oxidation to NO, and 
depends on gas composition and 
other factors. 

Coal: 50-85 Oil: 50-90 Gas: 5&95 

Coal: 2-5 Oil: 3-10 Gas: 10 

Table 10-1 2 
SNCR vs. SCR for Boilers 

50% aqueous urea with 
inhibitors to reduce scaling 
caused by the dilution 
water, etc. 

Aqueous ammonia ( ~ 2 8 %  concentration) or pressurized anhydrous ammonia. 
Aqueous ammonia is increasingly preferred due to safety considerations. 

25-60. Reagent utilization tends to be low for high NO, 
reduction with low ammonia slip. Reagent utilization tends to be 
high for high inlet NO, values and low for low inlet NO, values. 

~ ~ 

Usually = 100%. Above 85&900"F, NH3 starts to catalytically oxidize 
to NO, with some catalysts and on metal (stainless steel or carbon steel) 
surfaces. Some catalysts sinter at these temperatures. 

(table continued on page &90) 



Table 10-12 (Continued) 
SNCR vs. SCR for Boilers 

Enhancers Used 

SNCR 
Using Urea 

Typically oxygenated hydrocar- 
bons to increase reagent utiliza- 
tion, increase NO, reduction 
efficiency, widen temperature 
range, vary optimum reaction 
temperature, and reduce ammo- 
nia slip. Not often used. 

Enhancer Quantity, moldmole 
reagent 

When used, 0.05-0.10 
moleshole of urea at lower 
temperatures. 

SNCR 
Using Ammonia 

Reagent DilutiodCarrier Gas 
Requirements 

Injection Method 

Hydrogen to extend effective 
temperature range. Not often 
used. 

Diluted with water to 5-258 
concentration. Air is the carrier 
gas. (Steam is no longer used.) 

Typically, 4 scfm of plant air per 
injector is currently used for 
atomization and for injector 
cooling. 

Wall injectors and, if required 
for distribution, lances. Typical- 
ly few injection points. 

When used, 0.2-0.5 moleshole 
of ammonia. 

Not diluted with water. Air or 
steam at 1-2% of the flue gas 
flow rate is the carrier gas. This 
gas requirement is redud by 
the amount of water vaporized if 
aqueous ammonia is vaporized. 

Wall injectors and, if required 
for distribution, lances. Typical- 
ly many injection points. 

SCR 
Using Ammonia 

No enhancers are injected. 

Not applicable. 

Not diluted with water. Carrier gas is air, flue gas, or possibly steam at 
about 2 psig. Ammonidcarrier gas volumetric ratio is a minimum of 
about 1 to 20 for anhydrous ammonia to keep the ammonia concentration 
in the air below the lower explosive limit. Lower concentrations may be 
used based on injection diffusion patterns, the ammonia vaporization hea 
requirement, minimum flow control ranges, and other factors. 

Injection lancedgrids. 



TaMe 10-12 (Continued) 
SNCR vs. SCR for Boilers 

SNCR 
Using Ammonia 

3nergy Losses 

SCR 
Using Ammonia 

Votes: 

SNCR 
Using Urea 

Energy requirements of the 
storage, handling, and delivery 
systems for the injectorsflances. 

Energy to compress the plant air 
that atomizes the diluted urea 
and cools injectors. 

Flue gas heat to evaporate the 
liquid injected. At 2 22.6% 
concentrations, the heat released 
by the urea disassociating is 2 
the heat required to evaporate 
the dilution water, and no flue 
gas heat is needed. 

Gas side pressure drop does not 
increase unless ammonium salts 
cause pluggage of downstream 
equipment. 

Gas side pressure drop does 
not increase unless ammonium 
salts cause pluggage of down- 
stream equipment. 

Energy to overcome the gas side pressure drop through the SCR- 
typically 2-3 in. wg (1-6 range). Pressure drop does not increase above 
these values unless ammonium salts or fly ash cause pluggage of down- 
stream equipment. 

For cold sideflow dust SCR, the additional heat added by the fired heater 
to raise the flue gas to the operating temperature of the catalyst and the 
additional pressure drop through the regenerative air heater and the fired 
heater. 

1.  NO, reductions are based on typical inlet NO, concentrations of 2W2,SOOppm for  coal; 1 W O O p p m  for  oil; and Sa lSOppm for  natural gas. While the range of inlet NO, concentrations 
is the same for  both SNCR and SCR, possible NO, reduction with SNCR varies with the inlet NO, concentration, being higher for  higher inlet NO, concentrations. For SCR. this correlation 
does not exist, as the amount of SCR catalyst can be varied to suit a particular application. Reliabiliv and ammonia slip are greater concerns with NO, control efficiencies above 8040%. 
The SNCR temperature and residence time cannot be varied beyond what optimization of injection locations can accomplish. (The inlet NO, concentrations given here represent those to 
which the technologies have been applied. Some boilers can produce higher NO, concentrations than indicated. For example, some oil-fired boilers can produce 1.000ppm of NO, and some 
gas-jired boilers 3WOOppm. )  Stringent ammonia slip control may limit the NO, reduction achievable in some cases. 

1. Air pollution regulatory requirements heavily influence the NO, removal requirements. 
3. NO, reduction efficiencies above and below the specified ranges are possible depending on residence time and temperatures in the boiler/SCR, ammonia slip, etc. 
Yource: Clark and Comparato (1994), Mclniyre, (1994), and Pritchard (1994) 
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(text continued from page 888) 

and commercial installations. Applications include a wide range of combustors and fuels as 
shown in Table 10-13. The largest boiler application of the process was on an 850 MW, oil- 
fired unit, where 50% NO, reduction was achieved. This was at Niagara Mohawk’s Oswego 
Station where the process was used while flue gas recirculation fans were out of service. 

It is reported that the process can achieve NO, reductions of 30 to 85%. Inlet NO, concen- 
trations as high as 2,000 ppm have yielded NO, reduction efficiencies of 5040%. If 
required, ammonia slip under 2 ppm has been demonstrated, but not necessarily at higher 
NO, reductions. 

Capital costs for some recent U.S. urea-based SNCR systems are reported in Table 10-14. 
Chemical costs account for a large portion of the total operating costs. Compared to ammo- 
nia-based SCR, the higher price of urea is claimed to be offset, in some cases, by eliminating 
the costs for SCR catalyst replacement and the energy needed to overcome the pressure drop 
through the catalytic reactor (Fuel Tech, 1988). 

Basic Chemistry. In the N0,OUT process, an aqueous solution containing about 50% of 
urea-based reducing agent, called N0,OUT A, is diluted to 5-25% concentration and inject- 
ed into the flue gas to reduce the NO, (Fuel Tech, 1989A). The process parameters that are 
most important in determining performance are the flue gas temperature distribution, resi- 
dence time in the reaction temperature range, distributiodmixing of the chemicals with the 
flue gas, inlet NO, concentration, and amount of NO, reduction required for a specific appli- 
cation. There is a benefit in operating on the high side of the reaction temperature range in 
that NH, formation is suppressed while NO, reduction is only slightly diminished (Hofmann 
et al., 1989). The urea reacts with the NO, to form molecular nitrogen, carbon dioxide, and 
water. The exact reaction mechanism is uncertain, owing partially to the complexities of urea 
pyrolysis and also to the wide reaction temperature range (Epperly et al., 1988A). Based on 

Table 10-13 
Applicability of the NOPUT Process 

Combustor 
Types 

Boilers: Pulverized coal wall-, comer-, tangentially-, cyclone-, and 
cell-fired package; Volund grate-fired; grate stoker; CO; waste heat; circulating 
fluidized bed 
Combustion turbines configured with downstream duct burners 
Petroleum and Petrochemical: Ethylene crackers, catalytic crackers, bottom- 
fired process heaters 
Miscellaneous: waste incinerators, glass furnaces, calciners, sludge combustors 

Oil: No. 6 
Gas: natural, methane, refinery, organic 
Pulp and paper: wood, wood waste, bark, paper sludge, black liquor, hog fuel 
Miscellaneous: municipal solid waste, tires, coke, contaminated solids 

Source: Mincy (1992) 
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Table 10-14 
Capital Costs of Some Recent U.S. Urea-Based SNCR Retmffts 

NO, Reduetion 
Facility Fuel Efficiency cost Notes 

Long Island Lighting $10-15kW Demonstration only. 
Company’s No. 6 Oil 40% $800/ ton NO, Tangentially-fired unit. 
Port Jefferson Station N20 increased 10-15 ppm 

over baseline conditions. 
~~ ~ 

Wisconsin Electric Up to 50% SWkW tkmonstration only 
Power Company’s Coal (Refer to note 1) W o n  NO, Front wall-fired dry 
Valley Station bottom boiler. 
New England Coal At high load Sl5kW Being converted for long- 
Power’s Salem 5 0 4 0 %  $9oo/ton NO, term testing. 
Harbor Station At low loads: Front wall-fired dry 

N2O emissions were 
consistent with previously 
reported results. 

60-75% bottom boiler. 
(Refer to note 2) 

Notes: 
1. While gas phase analysis for ammonia slip generally showed very low or non-detectible concentrations at Valley 

Station, samples of the f l y  ash showed concentrations of ammonia sign8cantly above the no-effect industry stan- 
dard for reuse of 80 mgkg. 

2. The ammonia slip was between about 10 to 20ppm at 60% NO, reduction depending on the coal. 
Source: Wax (1993B), Hofmann et al. (1993). and Shore et al. (1993) 

Nalco Fuel Tech field measurements for boiler applications, over 95% of the NO, is in the 
form of NO, so that the predominant overall reaction is between urea and NO. The reaction 
of NO with urea is temperature dependent, typically takes place within 30 milliseconds to 
one or more seconds, and can be expressed as 

CO(NH2)2 + 2N0 + HO2 = 2N2 + COz + 2H20 (10-1) 

This chemical reaction indicates that one mole of urea is required to react with two moles 
of NO. Test results indicate that greater than stoichiometric quantities must be injected to 
achieve a desired NO, reduction. In actual use, urea utilization is typically 20 to 60%. 
Excess urea degrades to nitrogen, carbon dioxide, and small amounts of ammonia. Possible 
byproducts due to poor process conditions (i.e., improper mixing, low residence time, lack of 
proper temperature, etc.) are CO, high NH3, and N20. There is no urea emission. The reac- 
tion of NO, with urea is effective over a temperature range of 1,650’ to 2,200’F, below 
which ammonia is formed and above which NO, emissions actually increase (Mincy, 1992). 
Figure 10-1 shows this temperature relationship. Within this range, urea decomposes and 
reacts with NO,. If the temperature falls below this window, then the urea/NO, reaction rate 
decreases, causing increased ammonia slip and reduced NO, control. 

In some installations, small amounts of proprietary chemicals called enhancers (typically 
oxygenated hydrocarbons) may be injected to increase urea utilization, increase NO, reduc- 
tion efficiency, widen the reaction temperature range, vary the optimum reaction tempera- 
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Figure 10-1. Reduction of NO, with urea as a function of temperature. (Fuel Tech, 79894 

TEMPERATURE. T 

ture, reduce the ammonia slip, andor reduce scaling by the dilution water (Hofmann et al., 
1989; Epperly et al., 1988B). Typical situations where enhancers may be of value are where 
a boiler experiences frequent load swings (shifting reaction temperature zone), where chemi- 
cal residence time is short, or where the boiler bums multiple fuels (Lin et al., 1991). 
Although the chemical composition of the enhancers is considered proprietary, it is claimed 
that they are readily available, require no special safety precautions, and produce no sec- 
ondary byproducts for disposal. However, enhancers add to the operating cost of the system. 
Enhancers are believed to moderate the free radical pool available to sustain NO-reducing 
reactions and can increase the effective temperature range of the process to 1,400"-2,200"F 
(Epperly et al., 1988B; Lin et al., 1991). Refer to Figure 10-2. Note that the data in Figures 
10-1 and 10-2 are based on flame tube testing. The symbols marking points on the curves 

lo00 1200 1400 1600 lsoo 2Ooo 
TEMPERATURE. 'F 

NOxOUT. a125 1 A35 I A + 1  * A  

Figure 10-2. Reduction of NO, with urea and with urea plus N O x O P  enhancers as a 
function of temperature. (Fuel Tech, 79898; Mimy, 7992) 
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and listed under Figure 10-2 identify the trade names of the various N0,OUT enhancers 
tested. The enhancerhea (E/U) ratio is a significant process variable because it affects NO, 
reduction and is particularly important in the control of ammonia slip. N0,OUT technology 
is claimed to control NH3 slip to low concentrations by carefully selecting the quantity of 
enhancer. It is reported that enhancers are used on only a small percentage of the installa- 
tions, and improved injection techniques have minimized their use (Hofmann et al., 1993). 

Ammonia slip generally increases with increased NO, reduction and, at some NO, reduc- 
tion level, unacceptably high ammonia slip results. Figure 10-3 illustrates this phenomenon. 
Ammonia slip tends to increase with (Hofmann et al., 1989) 

decreasing temperature 
increasing reagent-to-NO, mole ratio (increasing NO, reduction) 
decreasing enhancerhea (EN) ratio 

Figure 10-3 is based on a series of tests on a brown coal fired boiler. The lower curve is 
based on injection at one level. The upper curve is based on injection at two levels and opti- 
mization of the amounts of urea and enhancer at each of the two levels. Following this opti- 
mization, it was found possible to further increase NO, reduction by an additional 6% with 
no increase in ammonia slip by injecting enhancer at a third level (not shown in the figure) 
(Epperly et al., 1988B). 

N20 generation is a potential concern with urea injection since it can increase N20 emis- 
sions 10 to 15 ppm over baseline conditions. These values can correspond to about 5 to 15% 
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Figure 10-3. Control of ammonia slip for the N O , O W  process (0 and x = two sets of 
test data obtained before optimization, o = data obtained after optimization). (Epperly 
eta/., 1988BJ 
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of the NO, reduced. The amount of N20 formed is related to the amount of NO, reduced, 
temperature, and the use of enhancers. CO emissions can also increase, but can be main- 
tained at less than a 10 ppm increment (Shore et al., 1993; Hofmann et al., 1993; Berg et al., 
1993; Rini and Cohen, 1993; Hunt et al., 1993; Kwan et al., 1993; Teixeira et al., 1993; 
Mincy, 1992). Nalco Fuel Tech has installed systems which meet N20 regulations in Swe- 
den, Germany, and Italy. N20 formation is controlled primarily by the location and profile of 
the injection (Mincy, 1992). 

Process Description. The process is shown in Figure 10-4. The system includes (Mincy, 
1992; Grisko, 1992) 

The N0,OUT A (urea solution) storage tank and skid-mounted module with solution recir- 
culation pumps and heat exchanger for maintaining the solution at 80°F. (Since urea is non- 
toxic, urea storage requirements are simple.) Separate enhancer storage tanks (unheated) 
are required if enhancers are used. 
One skid-mounted module for metering and mixing, consisting of the concentrated N0,OUT 
A solution metering pumps, dilution water booster pumps, and static mixer. If enhancers are 
used, concentrated enhancer pumps are required. 
One or more levels of distribution “modules,” with each module consisting of N0,OUT A 
wall-injectors and all associated piping, including the piping to the injectors for the diluted 
N0,OUT A solution, the enhancer (if required), atomizing air or steam, and cooling air. 
Air is typically used for atomizing because it is easier to handle. 

The chemical injection pumps meter the solution into a mixing header with flow rates 
automatically controlled by continuous monitoring of the boiler load, temperature, and NO, 
concentration (Nalco, 1990; Epperly and Hofmann, 1989). The concentrated N0,OUT A 
solution is diluted with water and flows to the injector modules through the distribution pip- 
ing. Typically, a total of 5-7 scfm of plant air per injector has been used for atomization and 
for the wall-injector outer cooling jackets (Grisko, 1992). When steam is used for atomiza- 
tion, about 50 l b h  of 50 psig steam per injector is required. 

Ammonia slip monitoring can be performed using simplified extraction methodology 
(Fuel Tech, 1989A). With this technique, a gas sample is extracted manually either weekly 
or monthly. The sample is processed using a bubble-through impingement train containing 
sulfuric acid, and the amount of ammonia absorbed is determined using conventional tech- 
niques. Continuous monitors have not proven completely satisfactory to date due to particles 
and sulfur in the gas (Hofmann, 1994). 

The injector system selection is site specific and is designed to maximize NO, reduction, 
optimize urea utilization, minimize unwanted reaction byproducts such as NH3 and CO, and 
minimize costs. Injectors are selected and located based on the flue gas temperature and 
velocity distributions (Nalco, 1990). The injection location is typically downstream of the pri- 
mary combustion zone in the upper furnace region, but ahead of the convection section. Since 
thorough mixing of reagents with the flue gas is critical, and a reliable means of quantifying 
the variations in flue gas velocity profiles, NO, concentrations and temperature do not exist; 
several approaches are used to optimize reagent distribution, including (Epperly et al., 1988B) 

Designing and locating injectors for proper reagent mixing with the flue gas based on boil- 

Spacing reagent injectors consistent with spray patterns 
er geometry 
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Figure 10-4. Schematic diagram of the N0,OUTb" process. Courtesy of Nalco Fuel Tech 
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Using multiple level injection, when required 
Optimizing injection spray pattern, droplet size, etc., by adjusting atomizing and liquid 
pressures and by utilizing various injector tip arrangements at selective orientations 

Use of multiple level injection may also increase NO, reduction efficiency, minimize ammo- 
nia slip, and limit reagent consumption (Epperly et al., 1988B). 

Some important operational parameters for application of the N0,OUT process are fuel 
type, boiler load range, burner type, flue gas recirculation, furnace excess air, initial NO, 
concentration, furnace gas temperature profiles, and furnace gas flow distribution. Prelimi- 
nary feasibility and performance can be evaluated using boiler drawings in conjunction with 
chemical kinetics, fluid dynamics, and heat transfer computer modeling techniques. The 
modeling enables the simulation of various injection configurations and locations (Compara- 
to et al., 1991; Lin et al., 1991). Retrofitting the process reportedly requires no major struc- 
tural alterations to boilers or ducting, minimal downtime for installation, and very little space 
for the equipment. Implementation is said to require about four months in a retrofit situation, 
and adjustment and optimization one to two days. 

Applications. Most permanent applications to date have been retrofits based on unit testing 
to confirm suitability and to optimize the process. However, the process has been successful- 
ly applied to one new boiler, where the boiler design was identical to that of an existing unit 
where it was possible to perform the necessary testing (Geissler et al., 1992; Grisko, 1992). 

Two retrofit applications illustrate the usual design process. In March 1992, Wisconsin 
Electric Power Company agreed to demonstrate the N0,OUT system on Unit 4 (90 MW, 
pulverized coal boiler) of their Valley Power Plant. Temporary trailer-type N0,OUT facili- 
ties demonstrated that NO, could be reduced 60% from inlet concentrations up to 2,000 ppm 
NO, with essentially zero ammonia slip. Greater NO, reductions of up to 80% were achieved 
with ammonia slip below 2 ppm (Mincy, 1992; Grisko, 1992). 

In June 1989, on Kerr-McGee’s (now General American Chemical’s) Argus Unit 26 in 
Trona, CA, a dual level N0,OUT system was demonstrated and then permanently installed. 
The boiler is a 75 MW, tangentially-fired, pulverized coal unit firing western bituminous 
coal. The N0,OUT system was installed after combustion modifications, including close- 
coupled over-fire air, a low-NO, concentric firing system, flame attachment nozzles, and the 
addition of separate overfire air ports, were completed. Initial testing included furnace char- 
acterization and injection optimization. The combustion modifications reduced the outlet 
NO, from 330 to 225 ppm, and the N0,OUT process further reduced outlet NO, to 165 ppm 
for a combined total reduction of about 50%. As of 1992, it was reported that there were no 
significant operational or maintenance problems with this system (Mincy, 1992). 

Materials. The preferred materials for piping and tubing in contact with N0,OUT A are 
304 or 316 stainless steel. The circulation and metering pumps incorporate stainless steel 
construction, and the water booster pump is bronze. The storage tank is FRP, and the injec- 
tors are 316 stainless steel or Monel (Grisko, 1992). 

THERMAL DeNO, Process 

General. The THERMAL DeNO, process is a commercial SNCR process for reduction of 
NO, using ammonia. It is conceptually similar to the Nalco Fuel Tech N0,OUT SNCR 
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Combustor Types 

Fuel Types 

process and operates within approximately the same temperature range as the N0,OUT 
process. It differs from the N0,OUT process in the following ways: 

Boilers: Pulverized coal, cyclone, stoker, CO, waste heat, circulating 

Petrochemical applications 
Miscellaneous: waste incinerators, glass furnaces, industrial furnaces, 

fluidized bed 

industrial heaters 

Coal, up to 1.5% sulfur 
Oil: refined, crude 
Gas: natural, CO, waste vapors 
Pulp and paper: wood, wood refuse 
Miscellaneous: municipal solid waste, coke (up to 3% sulfur), sludge, 

hazardous waste, tires, nut shells 

Ammonia gas is injected rather than urea solution. Either an aqueous or liquid anhydrous 

Enhancers are not usually used; although hydrogen was used in some early applications. 
Either steam or air can be used as the canier gas. 
The process can be designed for both new and retrofit applications without testing. 

ammonia storage system is acceptable. 

The process was developed by Exxon Research and Engineering Company (ER&E), and 
is available under license from ER&E (Exxon, 1989). The first commercial application was 
in 1974. The process has been demonstrated in over 130 applications. As shown in Table 
10-15, these include a wide range of combustors and fuels. The largest boiler application of 
the process to date has been on Steag AG’s Heme Unit IV, a 383 MW, (plus district heating 
steam) coal-fired (1.5% sulfur) unit, where 55% NO, control was achieved. SNCR proved 
effective only during steady-state operation. During load changes, the furnace’s cross-sec- 
tional temperature profile became too unpredictable to maintain adequate NO, reductions 
(Makansi, 1992B). To reduce ammonia slip from 10 ppm to 5 ppm at full load, this SNCR 
system was replaced by an SCR system (McIntyre, 1994). The SNCR process has not been 
applied to combustion turbines since combustion turbine exhaust temperatures are below the 
effective temperature window of the process. 

Basic Chemistry. The THERMAL DeNO, process achieves gas phase NO, reduction by 
injection of a small quantity of ammonia (by means of either air or steam carrier gas) into the 
boiler. The injected ammonia, in the presence of excess oxygen, selectively reacts with the 
NO, and reduces it to nitrogen. The overall chemical reaction in the THERMAL DeNO, 
process i s  best described by the following reaction: 

6 N 0  + 4NH3 = 5N2 + 6H20 (10-2) 

Table 10-15 
Applicabili of the THERMAL DeNO, Process 
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In order for mction 10-2 to occur in the required temperature range, oxygen must be present 
in the flue gas. 

The reaction between NOz and NH3 is not known for certain. However, field observations 
and calculations indicate that flue gas NO, concentrations are typically less than 5% of the 
total NO,. Therefore, NO2 is not a major concern based on present NO, reduction levels 
(Medock, 1990; Muzio and Arand, 1976). 

The selective NO, reduction in the THERMAL &NO, process strongly depends upon the 
temperature of the combustion products, as Figure 10-5 shows. NO, reduction occurs in the 
temperature range of approximately 1,600" to 2,000"F, with the peak reductions occurring at 
about 1,750"F. The effectiveness of the reaction can be extended from 1,600"F down to 
about 1,300"F (as would occur in a load-following unit) by injecting hydrogen along with 
the ammonia (Exxon, 1982). 

NH3 + H p  

--- e 

PNH3 =2.0 
0 2  = 4% 

Residence Time = 0.6 sec 

NO, reduction becomes less and less effective as the temperature increases beyond the 
optimum temperature of about 1,750"F. In fact, at about 1,83O0F, ammonia starts oxidizing 
to NO according to the following reaction: 

4NH3 + 5 0 2  = 4N0 + 6Hz0 (10-3) 

At tempera- above 2,20O0F, this reaction becomes predominant (Hurst and White, 1986). 
For the THERMAL DeNO, process, Figure 10-6 shows the relationship between NO, 

reduction and the amount of ammonia injected in terms of the molar ratio of injected ammo- 
nia to initial NO, hH3. NO, reduction efficiency increases rapidly with increasing & ~ 3  up to 
a PNH3 of about 2, but increases marginally with larger values. This figure also shows that 
the NO, reduction at any given PNH3 is practically independent of the initial NO, concentra- 
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Figure 10-6. Nitric oxide reduction as a function of ammonia injection rate and initial 
NO, concentrations (1 ,760°F, 2% excess oxygen). (Muzio and h n d ,  1976) 

tion when it is greater than 400 ppm. Below 400 ppm, however, lower NO, reduction is 
achieved at lower initial NO, concentrations (Muzio and Arand, 1976). Conversely, the data 
show that a higher value of PNH3 is required to attain the same fractional reduction of NO 
when the initial NO concentration decreases. In practice, the NH3/N0, ratio is varied 
depending on the initial NO, concentration. An NH3M0, molar ratio on the order of 1.5 is 
common for initial NO, concentrations of 200 ppm or less. As the initial NO, concentration 
increases, the ratio is reduced toward 1.0 (Hurst, 1981). 

Figure 10-7 (Muzio and Arand, 1976) gives the ammonia slip as a function of tempera- 
ture and ammonia injection rate as measured in laboratory tests. Ammonia slip depends 
strongly upon temperature. For all practically useful values of PNH3, the ammonia slip 
increases with lower temperatures and higher P N m .  

The THERMAL DeNO, process is claimed to have no measurable effect on CO, C02, or 
SO, emissions (Haas, 1992B). 

Process Description. The process is shown in Figure 10-8. The system includes (Haas, 
1992B; Medock, 1990; Hurst, 1983) 

Either an anhydrous or an aqueous ammonia storage and supply system. Both ammonia 
systems consist of an ammonia storage tank, vaporizer, control valves, mixing module, and 
associated piping. The anhydrous tank is pressurized, whereas the aqueous tank is atmos- 
pheric. The anhydrous system vaporizer is the once-through type. In the aqueous ammonia 
system, an ammonia stripping system or a hot air vaporization system can be used instead 
of a vaporizer. 

9 Carrier gas supply system consisting of either low pressure steam supply lines (if steam is the 
carrier gas) or an air compressor (if air is the carrier gas), control valves, and associated piping. 
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Figure 10-7. Ammonia carryover as a function of ammonia injection rate and 
temperature (4% excess oxygen, initial NO, 300 ppm). (Muzio andArand, 1976) 

One or more sets of wall-mounted injectors and associated distribution piping. 
Control system consisting of programmable process controllers to inject controlled quanti- 
ties of ammonia into the flue gas stream. 

The process is equally amenable to either anhydrous or aqueous ammonia feed. The deci- 
sion to use either anhydrous or aqueous ammonia is usually based on local regulations. The 
decision to vaporize or strip the aqueous ammonia is based primarily on economics, which 
favor stripping with larger systems. Vaporization reduces carrier gas requirements (Haas, 
1992A). Ammonia storage and handling systems are covered in greater detail in the SCR 
section of this chapter. 

The mixed vaporized ammonia and carrier gas (air or steam) is injected into the boiler by 
wall-nozzles (injectors). The c d e r  gas pressure is maintained constant, and the flow rate 
depends on the number of injector zones in service. 
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Flow control valves meter the mixture into the boiler based on feed-forward measurement 
of the fuel rate and/or feedback of the measured NO, emission. Suitable logic is built into the 
control system to optimize injection rates and to require operator intervention in the event 
that the THERMAL DeNO, system experiences large changes without corresponding 
changes in boiler operating parameters. 

The injector system configuration is based on site-specific parameters and is designed to 
optimize the process as is the case with the N0,OUT process. Sets of wall injectors are used, 
consisting of large jets located at or near boundary walls of the injection zone(s). The wall 
injectors have several advantages over injection grids: lower cost, improved load-following 
capability, simplicity of installation, lower fouling tendency, and no cooling requirements. 
Their obvious disadvantage is the difficulty of achieving the required mixing, especially 
across large injector planes. Virtually all applications today are based on using wall injec- 
tors. Better load-following capabilities with the use of injectors, multiple levels of injection, 
and other refinements have also eliminated the use of hydrogen. The carrier gas is used to 
achieve adequate mixing with the flue gas, since the amount of ammonia required for the 
process is quite small. The carrier gas requirements are typically 1 to 2% of the flue gas flow 
rate (Hurst, 1981). For a municipal solid waste facility, the amount of carrier gas can be 
50-100 pounds of air per pound of ammonia injected. 
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Applicutbns. With each thermal DeNO, license Exxon provides a process design package 
that covers design of the injectors (number, diameter, configuration, etc.), carrier gas 
requirements, suggested piping and instrumentation, ammonia storage tank size, power 
requirements, and other items. Testing is not required for NO, reduction and ammonia slip 
guarantees; however, detailed information about the boiler is needed (Haas, 1992A). 

Engineering a THERMAL DeNO, application requires consideration of parameters such 
as flue gas flow rate (residence time); composition and temperature profiles (parallel and 
transverse to the gas flow path); load change data (rate of change of flow, composition, and 
temperature); mixing; and carrier gas attributes. Furnace drawings and tube bank details are 
required for both retrofit and new applications. Exxon has developed a proprietary kinetic 
process model based on 40 reactions, experimental data on the related kinetic rate constants, 
and theoretical considerations (Fellows, 1990). Exxon has also developed a three-dimension- 
al, turbulent fluid flowheat transfer model to evaluate the mixing process. The two models 
are used to analyze a given application. The analysis enables determination of injector loca- 
tions (numbers and levels), ammonia injection rate(s), NO, reduction, and ammonia carry- 
over (Haas, 1992A). 

Estimates of the capital cost for boilers in the 30 to 500 MW, capacity range vary from 22 
to 38 $/kW (1992 dollars) with 300 to 600 ppmv initial NO, concentrations. The operating 
cost is estimated to be 1.5 to 2.4 milskWh (1992 dollars) (Khan et al., 1990; Davis and 
Mikucki, 1989; Hurst, 1983; Fellows, 1989). 

The capital cost of a THERMAL DeNO, system includes the costs of ammonia and carri- 
er gas systems, injectors, instrumentation and controls, installation, engineering, licensing 
fees, and, for a retrofit, the cost of any modifications. Retrofit applications usually involve 
neither major modifications nor excessive downtime. The capital cost is application specific 
and depends on the initial NO, concentration, the size of the boiler, the NO, reduction 
required, the load following capability, and the ammonia carryover limitations. 

The operating cost consists of the costs of the ammonia and carrier gas, electrical power 
consumption, and normal maintenance. If the boiler has to operate at higher-than-otherwise 
flue gas exit temperatures (e.g., to curtail ammonium salts emissions and/or low temperature 
air heater corrosion), then the cost of the lower boiler efficiency due to the higher boiler exit 
temperature should also be considered in calculating the operating costs. 

The NO, reduction achieved in the THERMAL DeNO, process in a given application 
depends on the acceptable ammonia slip. In general, 40 to 70% NO, reduction with <5 ppm 
to 20 ppm ammonia slip can be obtained. 

The process is suited to retrofit applications because of its low capital cost, relatively short 
installation time, and capability to meet newer (and tougher) regulations at low costs when 
used in combination with combustion modifications. 

Materials. The injector is made of stainless steel. Additional information on ammonia stor- 
age and handling systems is covered in the SCR section of this chapter. 

Selective Catalytic Reduction (SCR) Processes 

General 

Background Selective Catalytic Reduction (SCR) uses a catalyst to increase the rate of 
selective chemical reactions between NO, and ammonia to produce nitrogen and water. This 



Control of Nitrogen Oxides 905 

process has the highest NO, reduction capability (greater than 90%) of any available NO, 
control technology and is the most widely commercialized post-combustion control technol- 
ogy today. 

The SCR process was originally invented and patented in the U.S. in 1959; however, its 
first applications were primarily limited to nitric acid plant pollution control (Anderson et 
al., 1961). Initial development of SCR technology included laboratory studies, which led to 
the evaluation of many catalyst materials and formulations, life test evaluations, and opti- 
mum process design (Campobenedetto and Murataka, 1990). The first commercial utility 
application of the process was in Japan in 1978 (Campobenedetto and Murataka, 1990). and 
commercialization in Germany began in 1985 (Gouker and Brundrett, 1991). 

Due to the safety concerns associated with ammonia transportation and storage of ammo- 
nia near populated areas, the use of urea instead of ammonia has been investigated. Noroozi 
(1993) concludes that based on economics, anhydrous ammonia is the SCR reactant of 
choice. Should safety hazards or regulations dictate a ban on anhydrous ammonia, aqueous 
ammonia can be used. If even more restrictive safety considerations are present, the use of 
urea is theoretically possible, although it has not yet been used at an operating plant. 

status. The Japanese began the application of the SCR technology to boilers in the mid- to 
late-’70s. By 1985, there were more than 200 Japanese commercial applications with NO, 
reductions ranging from 40 to 60% (Ando and Sedman, 1987). Among the many important 
contributions the Japanese have made to SCR development is the switch from noble metal to 
base metal oxide catalysts. In addition, the Japanese developed honeycomb and plate type 
metal catalysts to optimize geometry and to avoid plugging and erosion due to fly ash in 
coal-fired services. These improvements reduced the size and cost of the SCR reactors by a 
factor of two. About 80% of the boilers that went into operation in Japan between 1979 and 
1990 were equipped with SCR systems (Kunimoto et al., 1990). Current development in 
Japan is focused on understanding the effects of fly-ash compounds on catalyst life (Gouker 
and Brundrett, 1991) and on achieving NO, reductions greater than 95% (Pritchard, 1994). 

SCR technology development shifted from Japan to Germany in the mid-1980s. German 
utilities and industries had more stringent regulatory standards to contend with, and the Ger- 
man SCR systems had to be designed for much higher NO, reduction efficiencies (up to 
90%). In addition to dry bottom units, as in Japan, SCR was retrofitted to slag tap boilers. 
Inlet NO, concentrations, and coal sulfur and ash contents were also much higher in Ger- 
many than in Japan. Significant technical advances mitigated the loss of catalyst activity due 
to excessive fly ash, including catalyst poisoning, physical fouling, bulk plugging, and ero- 
sion. Other advances included the use of soot blowers, flow straightening vanes, and dummy 
catalyst layers. Even with high sulfurhigh ash coal, catalyst life in German systems sur- 
passed predictions based on Japanese experience (Gouker and Brundrett, 1991). By 1991, 
SCR had been installed on more than 32 gigawatts of power plant capacity in Germany, 
mostly in coal-fired plants (Iskandar, 1990). SCR has also been applied to many other power 
plants in Europe. 

In the US., commercial SCR usage has been largely limited to gas- and oil-fired boilers, 
turbines, and industrial applications such as process heaters (Gouker and Brundrett, 199 1). 
Pilot plant testing on coal-fired boilers, led by EPRI and the DOE, began in 1990 at six utili- 
ty sites (Gulian et al., 1991). Three full-scale, coal-fired plants with SCR were in operation 
in 1994. These are at the Chambers, Keystone, and Indiantown plants (Franklin, 1994). 
Information on the first three SCRs to be used on coal-fired plants in the U.S. is provided in 
Table 10-16. 
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The German and Japanese coal-fired power plant SCR experience, though significant, can 
not be directly applied in the U.S. due to differences in coal characteristics and the variable 
load operation of U.S. plants. According to Gouker and Brundrett (1991), the five key issues 
related to high ash/high sulfur U.S. coals must be addressed before SCR gains widespread 
acceptance in the U.S. (see page 907). 

~~ ~~ 

Table 10-16 
Comparison of the First Three SCRs on Coal-Fired Boilers in the U.S. 

Chamber’s Works Keystone Indiantown 
Cogeneration Plant Cogeneration Plant Cogeneration Plant 
(Carney’s Point, NJ) (Logan Township, NJ) (Indmntown, a) 

Type of Boiler 
Plant Capacity 
Start-up Date 
Flue Gas Flow Rate, Ibhr 
Flue Gas Temperature, 

Inlet NO, Concentration, 

NO, Removal Efficiency, 

Outlet NO, Concentration, 

Outlet NO, Concentration, 

Catalyst Type and Pitch 

Operating, OF 

ppmvdl 

Nominal, 5% 

ppmvdl 

lb N0,/106 Btu 

Flow Direction 
Pressure Drop, Initial 

Operating, in. wc3 
High-Dust or Low-Dust 
Ammonia Slip at SCR Exit, 

ppmvd’ 
Coal Type 
Coal Sulfur Content, % 

Pulverized Coal 
2 at 140 MW, each 

October 1993 
1,346,500 

748 

196 

632 

732 

0.102 
Ceramic honeycomb, 

7.5 mm pitch 
Vertical down 

2.5 
High-dust 

54 
Eastern Bituminous 

2 

Pulverized Coal 
230 MW, 
July 1994 
2,010,000 

721 

197 

63 

73 

0.10 
Plate, 

6 mm pitch 
Vertical down 

2 
High-dust 

5 
Eastern Bituminous 

1.09 
10 

Pulverized Coal 
330 MW, 

January 1995 
3,191,000 

690 

214 

50 

107 

0.15 
Plate, 

6 mm pitch 
Vertical down 

1.5 
High-dust 

5 
Eastern Bituminous 

1.09 
3 Catalyst Life Guarantee, yearss 10 

N o m :  
I .  At 7% 02, ppmv (dry). 
2. Permit allows higher emissions under some conditions. 
3. With initial caralyst charge. 
4. Based on a thirty-day rolling average. 
5. Catalyst supplierfurnishes at  no addirional cost to owner all catalyst required for  the specified number of years 

Source: Franklin (1994) 
of operation. 
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1. Catalyst space velocity, superficial velocity, reaction temperature, and ammonia slip as a 

2. Acceptable ammonia slip under high SO2 and SO3 conditions; 
3. Catalyst performance and deactivation rate in flue gas and fly ash from U.S. coals; 
4. Performance of the air preheater when exposed to high SO3 concentrations and subse- 

quently high concentrations of ammonium sulfate and ammonium bisulfate, and 
5 .  Adhesion characteristics of fly ash from U.S. coals to SCR catalyst, the effectiveness of 

soot blowing, and the effects of residual fly ash on catalyst activity. 

function of the NO, reduction level; 

Despite these outstanding issues, SCR is emerging as the post-combustion technology of 
choice in many applications due to a favorable combination of reasonable cost, available guar- 
antees, high NO, reduction capability, low ammonia slip, and predictability of performance. 

Process Description 

Boiler Applications. For boiler applications, the SCR system consists of an ammonia stor- 
age, handling, and injection system; a catalytic reactor; controls; and instrumentation. 
Depending upon the location of the catalyst reactor in the flue gas path, the SCR system can 
be classified into one of the following basic categories (refer to Figure 189): 

1. Hot-side, high-dust system. The SCR catalyst is located downstream of the economizer and 
upstream of the air preheater and any emission control equipment. This is the most com- 
monly used configuration, as the required reaction temperature is usually available and no 
auxiliary heat input (and associated capital and energy expenditure) is required. Disadvan- 
tages of this configuration are that a large-pitch catalyst must be used to accommodate the 
heavy dust loading, and the reactivity of the catalyst must be limited to minimize the oxi- 
dization of SO2 to SO3. Although the presence of ash ultimately increases the required cata- 
lyst volume, it has been observed in the field that fly-ash particles actually assist in remov- 
ing ammonium bisulfate and sulfate deposits from catalyst and air preheater elements. The 
space required for the SCR equipment is also a consideration with this configuration. 

2. Hot-side, low-dust sysfem. The SCR catalyst is located downstream of a hot-side electro- 
static precipitator (ESP), and upstream of the air preheater and the FGD system. The 
major advantage of this configuration is the absence of significant fly ash in the flue gas, 
which minimizes catalyst erosion, required volume, and deactivation. Also, fly ash 
removal upstream of the ammonia injection point avoids NH3 contamination of the fly ash 
and reduces the potential for catalyst poisoning. Disadvantages include the increased costs 
and problems associated with hot-side precipitators and the greater susceptibility of the 
catalyst to plug with fine dust particles and ammonium salts. 

3. Cold-side, low-dust system. The SCR catalyst is located downstream of the air preheater, 
ESP, and FGD system. This configuration is also known as a tail-end system. Since the fly 
ash and SO, are removed upstream, this SCR system requires the least catalyst volume and 
can utilize a smaller pitch and a more active catalyst. However, in order to achieve NO, 
reduction performance in this location, it is necessary to include an auxiliary heat source to 
maintain the appropriate reaction temperature. The costs associated with the auxiliary heat 
source are usually greater than the cost savings resulting from minimized catalyst volume. 
This system is usually applied only to boilers where hot-side configurations can not be 
applied due to space limitations or to waste-to-energy plants where it is prudent to remove 
the acidic gases prior to entering the SCR. 
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Figure 10-9. Basic SCR configurations. (Robie eta/., 19914 

Only the three basic SCR configurations: hot-side, high dust; hot-side, low dust; and 
cold-side, low dust are discussed in detail in this chapter, although other process designs are 
available for boilers. For example, a selective catalytic reduction air heater (CAT-AH) sys- 
tem based on a Ljungstrom type rotary air heater has been developed by Kraftanlagen AG 
Heidelberg (KAH). Since this type of air heater is designed with a large surface area in a 
small volume and the heat transfer surface provides intimate contact with the flue gas, mod- 
erate NO, reduction can be achieved by applying catalyst material to the hot end surface of 
the air heater. This technology has been applied commercially in coal- and oil-fired plants 
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in Germany and is currently in use at a 215 MW gas- and oil-fired plant in California 
(Reese et al., 1991). 

The use of SCR in boiler applications with Western U.S. coal may prove difficult because 
of the cementitious properties of the coal ash. While SCRs normally operate above the dew 
point of the flue gas, they may go through the dew point, during startups and shutdowns, 
which could cause blinding of the catalyst by the ash. 

Combustion Turbine Applications. The first application of SCR to combustion turbines 
for NO, control was in 1980 at the Kawasaki plant of the Japanese National Railway. The 
first application of SCR to a utility combined-cycle powerplant for NO, control was at Tokyo 
Electric's 2,000 MW, Futtsu Power Station. This plant has 14 GE Frame 9 combustion tur- 
bines in a combined-cycle configuration (Schorr, 1992). As of 1990, the total installed U.S. 
SCR combustion turbine capacity included over 3,600 MW,  in 110 units (May et al., 1991). 

Unique technical issues must be addressed with SCR turbine applications. Based on expe- 
rience to date, SCR works best in base-loaded, combined-cycle combustion turbine applica- 
tions where the fuel is natural gas. The reasons for this are the extreme dependency of the 
catalytic NO,-ammonia reaction and the catalyst life on temperature, and the major problems 
associated with the use of sulfur bearing liquid fuels. (However, newer catalyst formulations 
that limit SO2 to SO3 conversion can reduce this concern.) In simple-cycle configurations, 
full scale, commercially proven, base metal oxide catalyst generally cannot be used because 
the exhaust gas temperature is above the operating range for SCR catalyst. In combined- 
cycle applications, the catalyst is located in the Heat Recovery Steam Generator (HRSG), 
Figure 10-10, where the temperature can be controlled in the optimum range of 600"-750"F, 
rather than in the combustion turbine exhaust, where the temperature typically exceeds 
1,000"F (Schorr, 1992). In natural gas applications, operating temperatures of 450"-500"F or 
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Figure 10-10. Schematic diagram of an NO, SCR and a CO oxidation reactor in a heat- 
recovery steam generator (HRSG). (Schorr, 1992) 
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lower are acceptable with some catalysts (Cohen, 1993, Campobenedetto, 1994). At lower 
temperatures, catalyst efficiency is poor; however, when the lower temperature is caused by 
a reduced load, the required NO, removal efficiency may still be met because of the 
increased gas residence time in the catalyst bed. 

In HRSG applications, the base metal oxide catalyst is normally positioned after several 
rows of tubes in the superheater and/or evaporator where the temperature of the exhaust 
gases at the catalyst is within the optimum range of operation. Maintaining the catalyst in the 
narrow operating temperature window over the entire operating load range is necessary to 
maintain a high NO, reduction (e.g., 90%). Substantial temperature variations can occur at 
any given HRSG location if the combined-cycle plant is required to follow load, or if the 
HRSG is supplementary-fired under some, but not all load conditions. The temperature vari- 
ation in such cases may make it impractical to find a single location for the catalyst that is 
always in the acceptable range (Schorr, 1992). 

Steam production may be more difficult to control if the SCR is installed in the middle of 
the HRSG, because a portion of the turbine exhaust can no longer be diverted around the 
HRSG to the stack (Bretz, 1991). Incorrect placement or variations in the HRSG temperature 
outside the design range can result in deviations in the operating temperature for the catalyst, 
which in turn can lead to unnecessary increases in ammonia usage, reduced catalyst perfor- 
mance, and premature catalyst replacement. For proper placement, the following require 
evaluation (May et al., 1991): 

anticipated combustion turbine load swings 
shifts in HRSG steam demand 
impact of duct-firing on HRSG temperature profile 
changes in HRSG performance with time 

A bypass damper cannot be installed between the combustion turbines and the HRSG 
because of permit requirements for natural gas operation with an HRSG configured with an 
SCR. To compensate for this operating constraint, steam turbines are typically equipped with 
full-flow bypasses so the combustion turbines can maintain full load operation in the event 
of a steam turbine trip or shutdown (Bretz, 1991). Also, in a large utility system, a super- 
heater partial bypass may be considered to operate the SCR at lower plant power levels than 
would otherwise exist (Angello and Lowe, 1989). Ramifications of such a bypass are higher 
cost, heat rate penalty at low loads, and higher operating and maintenance costs. 

A unique feature of US. combustion turbine SCR applications is their occasional use in 
combination with a CO-oxidation catalyst upstream of the SCR (see Figure 10-10). As much 
as half of the SO2 in the combustion turbine exhaust may be oxidized to SO3 when a CO-oxi- 
dation catalyst is present in the system. Therefore, CO catalyst can have a significant impact 
on the SO3 content of the exhaust gas stream (May et al., 1991). 

Although an SCR in a combustion turbine application is capable of NO, reductions of 
80-90% or higher (an outlet NO, concentration of less than 10 ppm), steam or water injec- 
tion is usually used in the turbine combustor to control the NO,, typically to an SCR inlet 
concentration of 42 ppm (Schorr, 1992). Some additional operating characteristics of SCR 
systems in HRSGs are as follows: 

For new combustion turbine applications, the ammonia slip is typically guaranteed to not 
exceed 10 ppm over the life of the catalyst (Cohen, 1993). 
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Typical space velocities for combustion turbine (clean fuel) applications are between 
12,000 and 22,000 hr-' for ceramic honeycomb catalysts (F'ritchard, 1994), but lower for 
the plate-type catalysts (Campobenedetto, 1994). (Note: In coal-fired applications for both 
types of catalysts, the space velocities are lower and their ranges closer because wider 
openings are required in the ceramic honeycomb type catalyst.) For platinum catalysts, 
which are less widely used in these applications, higher space velocities are possible. 
Pressure drops across the SCR system range from I to 6 in. wg, which reduces the power 
generating capacity and increases the heat rate of the turbine (May et al., 1991; Pntchard, 
1994). Typical pressure drop values are 2-3 in. wg (Cohen, 1993). 

There is very limited experience in the U.S. firing distillate oil in combustion turbines 
equipped with SCRs (May et al., 1991) primarily because sulfur in the oil can cause operat- 
ing problems. The fuel sulfur problem is generally related to ammonium salts formation. 
Ammonium bisulfate forms in the lower temperature section of the HRSG where it deposits 
on the walls and heat transfer surfaces. The surface deposits result in increased pressure 
drop, reduced heat transfer and power output, and lower cycle efficiency (Schorr, 1992). If 
significant oil-firing is expected, designing the system for 5 ppm or less ammonia slip can 
minimize these effects (Cohen, 1993). Similar problems can occur in SCR systems when sul- 
fur-containing refinery gas is used as the primary fuel. 

Basic Chemistry 

In the selective catalytic reduction process, NO, in flue gas is selectively reduced to nitro- 
gen and water vapor by reaction with HH3 in the presence of a catalyst. The SCR process is 
described by the following overall chemical reactions (Blair et al., 1981): 

4 N 0  + 4NH3 + 0 2  = 4N2 + 6HzO ( 10-4) 

2N02 + 4NH3 + O2 = 3N2 + 6H20 ( 10-5) 

6 N 0  + 4NH3 = 5N2 + 6H20 (10-6) 

6N02 + 8NH3 = 7N2 + 12H20 (10-7) 

The catalyst lowers the activation energy of the NO, reduction reactions, thereby allowing 
the reactions to proceed at flue gas temperatures lower than those required for non-catalytic 
NO, reduction processes. With most catalysts, the upper operating temperature for the SCR 
process is limited to about 750°F to prevent catalyst sintering and consequent deactivation, 
while the lower operating temperature is between about 500" and 580°F. The lower operat- 
ing temperature limitation depends on the SO3 content of the flue gas. If the operating tem- 
perature is too low, SO3 in the flue gas can cause deposition of ammonium sulfate on the cat- 
alyst surface and resulting catalyst deactivation until removed. Some permanent plugging of 
pores may occur with long and repeated cycling to excessively low temperatures. Tempera- 
ture cycling and lower temperatures can occur at part load or during startup. 

The reactions involving oxygen comprise the dominant path for NO, reduction; as a prac- 
tical minimum, 1% O2 by volume is required. NO, in flue gas is predominantly NO, and the 
SCR process has a molar ratio of NO-reduced to NH3-injected close to the theoretical value 
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of 1.0 for reaction 10-4. Figure 10-11 illustrates a typical relationship between the NO, 
reduction efficiency, NH3 slip, and the N H f l O ,  molar ratio. As the figure depicts, the rela- 
tionship between the NO, reduction efficiency and NHflO, molar ratio is nearly linear for 
efficiencies up to 85 to 90%. A low space velocity is required to achieve high NO, reduction 
efficiency with low ammonia slip. 

In general, the molar ratio is always higher than unity due to ammonia slip and the decom- 
position of small quantities of ammonia according to the following reaction: 

4NH3 + 3 0 2  = 2Nz + 6H20 (10-8) 

In addition to the NO, reactions, the catalyst can also oxidize SOz to SO3: 

2s02 + 0 2  = 2s03 (10-9) 

SO3 can react subsequently with H20 in the flue gas to form sulfuric acid, which can then 
combine with the unreacted ammonia to form finely divided ammonium sulfate and ammo- 
nium bisulfate particles. The SO2 to SO3 conversion percentage across the catalyst, K- is 
defined in equation 10-10. 

90 

X 

(? 60 

NH 3 /NO Molar Ratio 

Figure 10-11. Effect of the NH3(feed)/NOAinlet) molar ratio on NO, removal efficiency 
and unreacted ammonia in an SCR (data based on an NO, concentration of 350 ppm 
and a reactor temperature of 6 6 0 O F ) .  (Itoh and Kajibata, 7987)  
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KS@ = (CS03D - cS03U) ( l ~ ) I c S @ U  (10-10) 

Where: Cso3u = the SO3 concentration upstream of the catalyst, 
CSo3o = the SO3 concentration downstream of the catalyst, and 
CSo2" = the SO2 concentration upstream of the catalyst. 

The SO2 to SO3 conversion is significantly affected by (Jaerschloj et al., 1991; Cohen, 1993): 

The chemical composition of the catalyst, particularly the vanadium pentoxide content. 
The area velocity, which is the ratio of the flue gas volumetric flow rate to the surface area 

The flue gas conditions, particularly the flue gas temperature. The conversion to SO3 
of the catalyst. 

increases exponentially with the flue gas temperature. 

Figure 10-12 shows the relationship between NO, reduction, flue gas temperature, and 
SO7 to SO3 conversion for a given catalyst composition and volume. The SO2 to SO, con- 
version is typically maintained below 3% for many applications and below 1% for coal-fired 
applications (Cohen, 1993). 

System Design 

Site-Specific Considerations. The proper specification of an SCR system requires considera- 
tion of site specific information. This information includes type of fuel, flue gas flow rate 
and temperature, initial NO, concentrations, ash quantity and characteristics, SO2 and SO3 
concentrations in the flue gas, water vapor concentration, excess oxygen concentration, plant 
mode of operation, emission compliance requirements, catalyst life requirements, ammonia 
slip requirements, and data on the existing equipment in the flue gas train. 

90 

85 

80 

75 

70 

8 s 
w 
0 

0 z 

L 
L 
W 
2 
0 
i= 
0 
3 
0 
W a 
X 

B 

A 

- e 

- 2.0 
- 1.5 
- 1.0 
- 0.5 

- 

- HIGH SULFUR / 
CATALYST / 

- / 
/ 

- I / - * + I  / e ;  - 
TEMPERATURE, F 
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Catalyst Location and Arrangement. Practical and economic considerations determine 
the optimum catalyst location. Additional concerns affecting the location and arrangement of 
the SCR catalyst involve proper mixing of ammonia and the flue gas, the amount of ash in 
the flue gas, and the ash characteristics. The catalyst arrangement should be flow model-test- 
ed for uniform gas flow distribution through the catalyst and mixing of the ammonia with the 
flue gas upstream of the catalyst. Effects of the SCR system arrangement on the downstream 
equipment should also be considered. 

Catalyst Volume. The performance of an SCR reactor depends significantly upon the dif- 
fusion surface area (or specific surface area), which includes the surface area of both macro- 
pores and micro-pores in the catalyst. SCR performance increases with the specific surface 
area. Since this area is catalyst-specific, it is not a convenient design parameter (Cho and 
Dubow, 1992). A widely used parameter is space velocity, which is usually defined as the 
volumetric flue gas flow rate in normal ft3/hr (at 32"F, 1 atm) divided by the bulk volume of 
the catalyst. 

NO, reduction efficiency, N, is defined as the quantity of NO, reduced divided by the 
quantity of NO, in the inlet stream. NO, reduction efficiency may be correlated (for a 1.0 
molar ratio) in terms of the space velocity, SV, and the NH3/N0, molar ratio, m, as follows: 

N = m( 1 - exp(-WSV)) (10-1 1) 

where K is a constant, which depends on many factors, including the catalyst composition, 
diffusion characteristics of ammonia and NO, in the gas stream and catalyst, 02 and H20 
concentrations, gas temperature and velocity, and catalyst age (Cho and Dubow, 1992). In 
general, for a given configuration, higher values of the molar ratio and lower values of space 
velocity, i.e., more ammonia and longer residence time, cause the NO, reduction efficiency 
to be higher. Lower space velocity values greatly reduce ammonia slip at N0,/NH3 molar 
ratios over about 0.85 (see Figure 10-1 1). 

In a specific application, the inlet NO, and the desired NO, emission concentrations 
define N. Given the value of N, m is calculated from the simple material balance equation by 
fixing the value of the NH3 slip, S and assuming a reaction stoichiometry of 1 mole NH3 per 
mole of NO, and no NH3 destruction (Cho and Dubow, 1992): 

m = N + Siinlet NO, ( 10- 12) 

From the values of m and N, catalyst-specific curves or tables (dependent upon reaction rates 
and deterioration expectancy) can be used with equation 10-11  to obtain the required value 
of SV. Space velocity and the flue gas flow rate are then used to calculate the volume of cat- 
alyst required for a given application. 

The required space velocity depends upon the catalyst configuration and properties (such 
as activity, stability, expected life), NO, inlet and outlet concentrations, flue gas temperature, 
flue gas SO3 and SO2 concentrations, fly ash content and composition, and the desired 
ammonia slip. Space velocities can vary widely depending on these factors. Comparisons 
based on space velocity should therefore be used with caution. The fly ash concentration and 
composition dictate the allowable pitch, which in turn establishes the surface area per unit 
catalyst volume. Figure 10-13 (Robie et al., 1991A) shows the typical relationship between 
the NO, reduction efficiency and the flue gas temperature at various space velocities. As the 
figure shows, higher space velocities (less catalyst volume) at higher temperatures can 
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Figure 10-13. NO, reduction efficiency vs. temperature and space velocity for a low- 
sulfur catalyst. (Robie et a/., 19914 

achieve the same NO, reduction as low space velocities at low temperatures. Higher flue gas 
temperatures and lower space velocities increase SO3 formation, which can have a detrimen- 
tal effect on the downstream equipment. This relationship for a high-sulfur catalyst is shown 
in Figure 10-14 (Robie et al., 1991A). In both Figures 10-13 and 10.14, the space velocity 
(SV) is expressed as normal cubic feet (32"F, 1 atm.) of flue gas per hour per cubic foot of 
catalyst. The linear velocity (LV), as used in Figure 10-13, represents the value obtained 
when the volumetric flow rate of the gas in normal cubic feet per second is divided by the 
cross-sectional area of the catalyst in the catalyst bed. Its units are normal feet per second 
(SF/SEC). Data in the figures are based on Kawasaki Heavy Industries' (MI) catalyst. 

Catalyst Selection. Because catalyst volume is determined on the basis of catalyst-specific 
space velocity curves, the choice of a catalyst type, composition, and configuration establish- 
es the overall SCR reactor design. In general, the SCR systems today are based on modular- 
type catalyst configurations using either the parallel plate or honeycomb matrix design. In 
the parallel plate design, the catalyst material is generally attached to a stainless steel or 
ceramic substrate. Refer to Figure 10-15. Honeycomb catalysts can be homogeneous or 
composite. The honeycomb matrix is an extrusion of either homogeneous catalyst or a sub- 
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Figure 10-14. SO3 formation vs. temperature and space velocity for a high-sulfur 
catalyst. (Roble et a/., 19974 

strate, a strong, thin-walled ceramic support to which a thin layer of catalytic material is 
bonded to form a composite structure. Spalling and erosion of the catalyst layer are concerns 
with composite catalysts. The parallel plate type is illustrated conceptually in Figure 10-15 
and the honeycomb types in Figures 10-16 and 10-17. Commercial honeycomb catalysts 
have many more gas passages than the few shown in Figure 10-16. 

The most commonly used SCR catalysts are composed of metal oxides such as titania and 
vanadia. These are called base metal oxide catalysts to distinguish them from catalysts con- 
taining precious metals such as platinum. In base metal oxide catalysts, the vanadium con- 
trols the reactivity, but it also catalyzes SO2 oxidation. Therefore, for high-sulfur applica- 
tions, the vanadium content of the catalyst elements should be minimized (Behrens et ai., 
1991A). By reducing the residence time in the catalyst, i.e., increasing the area velocity, SOz 
oxidation to SO3 can be reduced. At the lower gas flows associated with lower loads, less 
SO3 is often generated because the lower gas temperatures decrease SO3 production more 
than the lower area velocities increase it (Cohen, 1993). 

Recently, high-temperature zeolite catalysts have been introduced, which are reported to 
be effective and stable over a wider temperature range than base metal oxide or precious 
metal catalysts. However, the temperature range is zeolite type. specific. For example, a natu- 
rally occumng mordenite zeolite can operate between 43Oo-97O0F depending upon the for- 
mulation. A synthetic zeolite, ZSM-5, has a narrower operating temperature range of 
570°-900"F. Another synthetic zeolite, which is coated on a ceramic honeycomb structure, is 
claimed to be operational at temperatures between 675"-1,075"F (Schreiber, 1991). By com- 
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Figure 10-15. Plate-type catalyst unit. (Campobenedetfo and Mumtaka, 199U) 

Figure 10-16. Portions of honeycomb-type catalyst blocks (composite and extruded 
types}. (Sperone//o et a/., 7997)  

parison, with vanadia-titania catalyst, ammonia begins to thermally decompose above 
800"-850"F and, at higher temperatures, to oxidize to NO,, which is counterproductive. This 
is not usually the case with zeolite catalysts, and this fact must be considered when evaluat- 
ing the applicability of a zeolite catalyst or whether SCR itself is even applicable. By far the 
greatest advantage of the high-temperature zeolite catalyst is its potential for large scale 
commercial use in turbine exhaust applications, especially in simple-cycle plants. Also, in 
combined-cycle plants the extended temperature range of zeolite catalysts will ease the prob- 
lem of providing suitable SCR catalyst locations within the HRSG. 

A Norton Corporation zeolite catalyst has been operating since December 1990, on the 
exhaust duct of a 4 MW, Solar Centaur Gas Turbine Cogeneration Plant installed at Uno- 
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Figure 10-17. General arrangement of a vertical flow, honeycomb SCR reactor for a 
utility boiler application. (Lowe, 1985) 

cal's Research Facility in Brea, CA. The SCR system, which operates continuously at about 
960"F, achieves approximately 80% NO, reduction on the average with ammonia slip under 
20 ppm and a pressure drop of less than 3 in. wg (Anon., 1992). Figure 10-18 schematically 
shows this SCR system. The catalyst is installed in front of the HRSG, which simplifies 
HRSG operation and eliminates the need for HRSG modification by allowing a one-piece 
construction versus two separate sections. Zeolite catalysts are expected to be less of a dis- 
posal problem than base metal oxide catalysts because they contain no heavy metals and 
reportedly qualify as a non-hazardous waste (Robie et al., 1991A; Schreiber, 1991). 

Cormetech has developed a titania-tungsten catalyst that should operate up to approxi- 
mately 1,050"F and that is claimed to be competitive with zeolite catalyst. The first applica- 
tion of this catalyst was scheduled to go into operation in February 1995, on a simple-cycle 
gas turbine unit (Pritchard, 1994). 

Recently, a precious metal-based (platinum) catalyst was applied commercially in the U.S. 
This catalyst reportedly can operate within a temperature window of 425"-525"F, with an 
optimum operating temperature of about 475°F. The low-temperature range allows place- 
ment of the catalyst outside of the high-pressure section of the HRSG, upstream of the econ- 
omizer and stack. The limitations of this type of catalyst are (1) above 525"F, the catalyst 
oxidizes NH3 producing additional NO,; and (2) the catalyst is limited to low sulfur fuel 
applications because it oxidizes SO2 to SO3 (May et al., 1991). Some catalyst manufacturers 
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Figure 10-18. SCR process using high-temperature zeolite catalyst (NC-300) in a 
turbine exhaust cogeneration application. (Anan., 1992) 

offer a catalyst that they claim destroys excess ammonia, and at least one offers a precious 
metal catalyst that not only reduces NO, but also controls both NH3 and CO emissions 
(Schorr, 1992). There are also catalysts that are reported to destroy N20. 

A goal in catalyst design is large numbers of both macro-pores (that gas can diffuse into) 
and micro-pores (to support the reduction reactions) (Behrens et al., 1991A). These pores are 
much smaller than the gas passages through the catalyst. For extruded catalysts, the gas pas- 
sages are the openings made by the extrusion dies; for plate-type catalysts, they are the open- 
ings created by the bends in the plates. Smaller passages through the catalyst result in more 
surface area (more macro-pores and micro-pores) for the same catalyst volume, which 
increases NO, reduction efficiency. However, smaller passages also increase the flue gas 
pressure drop and the sensitivity of the catalyst to plugging by ash particles. The size of the 
flue gas passages can be selected to accommodate a range of flue gas ash concentrations. 
Large passages are used in high ash concentration applications. Typical pitches for coal 
applications range from 6.5 to 7.5 mrn for honeycomb catalysts. Plate-type catalysts have 
lower area/volume ratios than honeycombextrudate types due to plate spacing limitations 
that increase their required volume (Franklin, 1993). The parallel plate design typically 
offers low flue gas pressure drop, and minimizes catalyst erosion and masking problems 
attributable to high ash concentrations (Robie et al.. 1991A). With all catalysts, thermal 
stress must be considered. Temperature ramp rates when temperatures are below the dew 
point must be low enough to allow any liquid in the catalyst to evaporate (Pritchard, 1994). 

Catalyst selection must also consider the following operating conditions: 



The presence of halogen compounds, alkaline compounds, arsenic, and ammonium bisul- 
fate, which can poison the catalyst. Chen et al. (1991) and Balling et al. (1991) discuss sev- 
eral aspects of catalyst poisoning. 
Fly ash, which can erode the catalyst. 
High temperatures, which can sinter or reduce catalyst pore volume. 
Solids deposits, which can plug pores. 
Aging of the catalyst, which decreases catalyst activity and causes increased NH3 slip. 
The tradeoff between higher costs incurred from residual NH3 and SO3 emissions and the 
higher catalyst cost required to minimize their presence or formation. Usually, both NH3 
and SO3 emissions are controlled to predetermined values. 

Some major catalyst suppliers are Mitsubishi Heavy Industries, Ltd., Babcock Hitachi, 
Ltd., Hitachi-Zosen, Ishikawajima-Harima Heavy Industries, Kawasaki Heavy Industries, 
W.R. Grace and Company, Englehard Company, Johnson Matthey, Cormetech, Norton 
Chemical Process Products Corporation, Siemens/KWU, Camet Company (part of W.R. 
Grace), and Haldor Tops~e.  

Guarantees on catalyst life, in general, have increased rapidly. In 1990/1991, guarantees 
were from two to six years depending on the fuel type and SCR system configuration and 
operation (Robie et al., 1991A). Coal applications typically fell close to the low end of this 
range, oil in the middle, and gas at the upper end. Actual field applications, in many cases, 
have demonstrated catalyst lives in excess of seven years even for coal-fired applications 
(Campobenedeno and Murataka, 1990). Based on the lives of operating catalysts and the 
very few cases of catalyst poisoning being reported, much longer lives are currently being 
guaranteed. 

SCR system life can be extended by using a catalyst managementheplacement program. 
These programs are typically based on monitoring the NH3 slip, and include rotation, 
replacement, and/or addition of catalyst layers at scheduled intervals. At the Chambers 
Works Cogeneration Plant (refer to Table 10-16), compliance was guaranteed for ten years 
based on the use of a catalyst additionheplacement program (Franklin, 1993). 

Reactor Design. Individual catalyst elements are assembled into blocks or modules that are 
then arranged in horizontal or vertical layers within the reactor on engineered support struc- 
tures. In large systems, there are several layers with space between each layer for access. 
Figure 10-17 depicts a general arrangement of a vertical flow, honeycomb SCR reactor. The 
reactor housing can be oversized to provide for additional catalyst layers if this is required 
by the catalyst management program. The SCR reactor houses and supports the individual 
catalyst units and includes a sealing system to prevent flue gas from bypassing the catalyst 
modules (Campobenedetto and Murataka, 1990). 

The cross-sectional area and the number of catalyst layers are selected to optimize (within 
allowable space limitations) gas velocity, pressure drop, and gas flow distribution for the 
required NO, reduction (Behrens et al., 1991B). In the presence of fly ash, it is preferred to 
direct the flue gas vertically downward to facilitate the passage of fly ash through the cata- 
lyst. This is especially pertinent with load-following units, where the ash carrying velocity 
may not be maintained otherwise (Robie et al., 1991A). The maximum allowable linear 
velocity (flue gas velocity entering the catalyst based on the overall cross-sectional area of 
the catalyst bed) depends on the catalyst type and the application. For hot-sidelhigh-dust 
applications, the linear velocity should be kept below 20 Wsec to mitigate catalyst erosion. 
In low-dust applications, the erosion potential is minimal, and the linear velocities are based 
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on maintaining laminar flow through the catalyst (Robie et al., 1991A; Cho and Dubow, 
1992). In either case, significant penalties in pressure drop and catalyst life can occur if lin- 
ear velocity is too high. Typical pressure drop values (attributable to the entire SCR system) 
are from less than 4- up to 6-in. wg for hot-side SCR systems and much higher for cold-side 
systems due to the additional equipment in the gas path (Franklin, 1993; Cohen, 1993). 

There are several peripheral considerations required in SCR reactor design. Structural 
steel support is designed to include platforms for operation and maintenance of the catalyst, 
and expansion joints are provided to compensate for three dimensional thermal expansion 
with temperature. Hoist or monorail systems are often provided to facilitate catalyst installa- 
tion, removal, and replacement. In high-dust applications, soot blowers are often provided to 
alleviate catalyst masking and plugging. Also, for high-dust applications, a top layer of 
“dummy” catalyst is sometimes installed to act as a sacrificial leading edge, thus protecting 
the active catalyst from erosion (Lowe, 1985). The layer is often harder than the catalyst to 
withstand erosion, and the additional pressure drop that it creates tends to improve gas distri- 
bution. Straightening vanes, turning vanes, and baffles should also be considered for promot- 
ing proper flue gas distribution and minimizing both turbulence and potential catalyst mask- 
ing (Cho and Dubow, 1992). 

When necessary, an SCR gas bypass is provided for startup and shutdown. Use of the 
bypass to permit operation (full or partial) during catalyst removalheplacement is not recom- 
mended. SCR bypasses offer protection when the flue gas temperature is below the dew 
point, such as during startup and shutdown. However, most applications do not have SCR 
bypasses, since routines are used during startup and shutdown which preclude their need 
(Cho and Dubow, 1992), and regulations sometimes prohibit their use. Also, experience in 
Japan and Germany has shown them to be costly and not required to prevent damage due to 
low-load oil firing, thermal gradients, and other conditions. However, an economizer bypass 
is required on most boiler applications to avoid ammonium salt deposition at the low operat- 
ing temperatures associated with low loads (Campobenedetto, 1994). 

Process Control 

A simplified SCR process control logic diagram is shown in Figure 10-19. The NH3 
injection requirements of an SCR process are controlled based on the NO, concentration at 
the inlet of the SCR. Measurement of the NO, concentration at the SCR inlet combined with 
the flue gas flow yields the NO, flow signal. The NH3 control module multiplies this signal 
by the NH3/N0, molar ratio setpoint to obtain the NH3 flow demand signal. The NH3 
demand signal is compared with the actual NH3 flow, and the NH3 flow is adjusted to meet 
the demand. The ammonia slip is measured downstream of the SCR reactor and recorded as 
is the NO, concentration downstream of the SCR reactor bypass. Although not shown on this 
diagram, the NO, analyzer downstream of the SCR reactor can be used to reset the NH3/N0, 
molar ratio setpoint in the NH3 control module. 

Ammonia feed is shut off by a low temperature switch when the operating flue gas temper- 
ature drops below the minimum recommended value. This prevents deactivation of the cata- 
lyst from ammonium bisulfate deposition. This control feature is also applied during system 
startup and shutdown. An economizer bypass is used to maintain the flue gas temperature 
above the minimum recommended SCR operating temperature and an SCR bypass is shown 
(though not often provided). The SCR bypass is used to protect the SCR catalyst during start- 
up and shutdown when the flue gas temperature can be below its dew point. Economizer 
bypasses are used at the Chambers, Indiantown, and Keystone power plants (Franklin, 1993). 
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Figure 10-19. Simplified SCR process control logic diagram. 
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Emissions Control Systems 

Continuous NO, monitoring is required for SCR process control and may be required by 
environmental regulations. Ammonia slip monitoring is not required as part of the SCR 
process control scheme; however, it may be required by permit. An ammonia concentration 
monitor can be used to avoid or predict downstream process equipment operating problems. 
It is also utilized, in conjunction with NO, monitoring, for determining the effectiveness or 
activity of the SCR catalyst. Currently, reliable continuous NH3 monitors are not available 
for accurate, low concentration ammonia determination, and manual sampling techniques, 
based on wet chemical analysis of flue gas samples, are usually used for such measurements. 
However, at the Chambers Works Cogeneration Plant, an ammonia monitor is being used to 
report ammonia emissions on a continuous basis (Franklin, 1993). 

Ammonia Storage and Handling System 

Ammonia is a common industrial chemical, which is hazardous to health and is highly 
explosive under some conditions. It is an imtant to skin, eyes, and respiratory and mucous 
membranes, and it can cause death at concentrations greater than 5,000 ppm. The Occupa- 
tional Safety and Health Administration (OSHA) in 29 CFR 1910.1000 has set a short term 
(15 minute) exposure limit of 35 ppm for ammonia. The American Conference of Govern- 
mental Industrial Hygienists' required limit for an eight-hour time-weighted average expo- 
sure is 25 ppm, and for a 15-minute short-term exposure the limit is 35 ppm (ACGIH, 1991). 
The National Institute for Occupational Safety and Health recommends breathing apparatus 
at 500 ppm, because this concentration represents Immediate Danger to Life and Health 
(IDLH) (NIOSH, 1990). Ammonia is on the EPA list of extremely hazardous substances 
under the TITLE 111, section 302 of the Superfund Amendments and Reauthorization Act of 
1986 (SARA) (Schorr, 1992). It is potentially explosive in air at atmospheric pressure in 
concentrations of 16-25% and at temperatures as low as 1,200"F (Robie et ai., 1991A). 

Ammonia is shipped by rail or truck, rail car capacity being 160,000 pounds and truck 
capacity 35,000 pounds. Anhydrous ammonia is generally stored in pressure vessels rated at 
250 psig, while aqueous ammonia can be stored at atmospheric pressure (Robie et al., 
1991A; Franklin, 1992). Because of its availability, only one to two weeks of ammonia stor- 
age capacity is usually provided. Ammonia safety systems are provided at the storage area to 
detect and protect against leakage. 

In the US. ,  the current trend is to use aqueous ammonia. This is based primarily on safety 
concerns, although aqueous ammonia also has safety concerns associated with its use. Fire 
marshalls and local governing or regulatory agencies may also limit the use of anhydrous 
ammonia. There have been a number of conversions from anhydrous to aqueous systems in 
the U.S. In Europe, ammonia storage requirements vary widely. The strictest European 
requirements have mandated, for anhydrous systems, double-walled tanks, underground pip- 
ing, and vaults below grade to contain spills (Lewis, 1993; Siegfriedt and Pacer, 1991). 
Other design features for ammonia systems may include (Franklin, 1992; Siegfriedt and 
Pacer, 1991) 

Ammonia tanks and piping protected from local traffic, potential coal mill explosion, and 
potential steam turbine failure by remote location, shielding, or the use of underground 
vaults 
Flame backflash valves with bypasses for cleaning 
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A deluge system that is activated above maximum allowable ammonia concentrations 
Protective safety suits and oxygen tanks for personal use 
Dedicated ammonia piping and venting from each storage vessel 
Basin curbs at grade for containment of spills 

In addition, all applicable codes and standards for ammonia safety and storage require- 
ments must be followed. ANSI (American National Standards Institute) K61.1, Storage and 
Handling of Anhydrous Ammonia, is widely used for the design of anhydrous systems. There 
is no comparable code for aqueous systems. 

Choosing between aqueous and anhydrous ammonia systems involves considerations such 
as safety, required storage capacity, availability, and regulations. Aqueous ammonia is gen- 
erally considered safer so that diking, a deluge system, and ammonia leakage monitoring are 
usually not required. Also, cleanup is relatively easy in case of a major leak. Anhydrous 
ammonia, by comparison, is considered a hazardous material, and is more difficult to permit. 
On the positive side, anhydrous ammonia requires much less physical space for storage. 
Also, it may not require a separate heat source for vaporization because if the required 
ammonia flow is small, enough heat may be absorbed through the tank surface for adequate 
vaporization. Most cases, however, require ammonia flow beyond the capacity of the heat 
absorbed through the tank surface, and an electric vaporizer is usually provided. Without a 
vaporizer, the ammonia gas is nearly saturated and condensation can occur (Franklin, 1992, 
1993; Cohen, 1993). 

Ammonia injection systems may use either anhydrous ammonia, aqueous ammonia that is 
completely vaporized, or ammonia that is stripped from the aqueous solution. Usually, the 
most economical system is the anhydrous system, and the least economical is the aqueous 
ammonia system with complete vaporization. If the ammonia is stripped from the aqueous 
solution, the ammonia-laced stripped water must be disposed of and the complexities of 
stripping the ammonia from the water must be dealt with. Concerns about ammonia-contain- 
ing wastewater disposal and safety have prevented widespread use of ammonia stripping 
(Lewis, 1993). 

Figure 10-20 depicts an anhydrous ammonia system and an aqueous ammonia system with 
vaporization. In the anhydrous ammonia system, an evaporator is used to maintain the vapor 
pressure in the ammonia storage tank. The gaseous NH3 flows to an NH3/carrier gas mixing 
chamber where the proper quantity of gaseous ammonia is mixed with the carrier gas. The 
carrier gas, either compressed air or low pressure steam, is mixed at a minimum NH3/carrier 
gas volumetric ratio of approximately 1 to 20 (Campobenedetto and Murataka, 1990). 

In an SCR system using aqueous ammonia, the ammonia solution, about 28 wt% concen- 
tration, is stored at atmospheric pressure. It is pumped from the storage tank, metered, and 
sprayed into a vaporizer vessel. Ambient air provided by the blower is typically heated to 
600"-850"F and introduced to the vaporizer. In the vaporizer, the cold aqueous ammonia and 
the hot air mix together, vaporizing the liquid ammonia and water (Cho and Dubow, 1992). 

The injection system design is common to both types of ammonia systems. Injection grids 
are designed to provide an even distribution of ammonia from the evaporator or vaporizer 
into the flue gas. Proper mixing is ensured by using external, manually-set control valves to 
balance the NH3/air mixture to match the flue gas flow distribution pattern and by using the 
appropriate number and arrangement of injection grid nozzles/orifices. The minimum dis- 
tance required for NH3 to mix with the flue gas is about 30 feet from the point of injection. If 
space restraints limit the available mixing length, the distance can be shortened to 10 to 12 
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Figure 10-20. Schematic diagrams of ammonia storage and handling systems. 

feet by installing a mixing device (Campobenedetto and Murataka, 1990). Makansi (1992A) 
also discusses ammonia storage, handling, and injection. 

Materiukr. Material requirements vary with the type of system. Both anhydrous and aque- 
ous storage tanks can be carbon steel, although aluminum and stainless steel have been used 
for aqueous systems to minimize the corrosion that occurs when the aqueous solution is 
exposed to air. Some aqueous ammonia storage tanks operate at 15-25 psig to minimize the 
amount of air entering the tank, and a few tanks use nitrogen blanketing. Stress-relief of car- 
bon steel tanks is not necessary for ammonia storage tanks when the ammonia contains more 
than 0.2% water, which is usually the case for the anhydrous ammonia used in NO, control 
applications. However, stress relief of both anhydrous and aqueous ammonia tanks is often 
performed as a safety precaution (Wehner, 1994). 

In anhydrous systems, carbon steel is acceptable for all other components due to the non- 
corrosive nature of anhydrous ammonia. In aqueous systems, stress-relieved carbon steel or 
304/304L stainless steel is required for piping, the vaporizer, and any equipment exposed to 
aqueous ammonia. Small bore piping can be. 316L stainless steel; however, carbon steel (not 
stress-relieved) is sometimes the preferred material due to cost considerations. Piping 2 inch- 
es and larger can be schedule 80 carbon steel. Carbon steel is also acceptable downstream of 
the vaporizer. Valves can be carbon steel with 316 stainless steel trim and Buna-N or Teflon 
for other parts. 

The injection grid can be carbon steel, but near the injectors, stainless steel may be used 
due to the corrosive effects of the combination of ammonia and fly-ash buildup (Cohen, 
1993). The entire grid is sometimes made of stainless steel (F’ritchard, 1994). Copper, galva- 
nized steel, and viton should not be used in ammonia systems. 

Catalyst Management Program 

Eventually, a catalyst reaches the end of its useful life and strategies must be developed for 
recycling or for economical, environmentally safe disposal. The base metal oxide catalysts are 



926 Gas Purification 

of primary concern due to their hazardous metal content, including metals that may have 
deposited in the catalyst, such as lead and arsenic (zeolite catalysts are claimed to be non-haz- 
ardous requiring no special disposal). Typically, responsibility for recycling or disposal is 
assumed by the SCR catalyst vendor. Options for catalyst disposal are reviewed in detail by 
Robie et al. (1991A). The main options available for spent base metal oxide catalyst follow. 

Disposal as Waste/Hazardous Waste. As of October 1994, this material was listed as a 
hazardous waste (due to the vanadium and nickel content) in the state of California. There 
were no restrictions on disposal in the rest of the US. at that time. 

Reuse. Spent catalyst may be used as a substitute for a commercial product or as an ingredi- 
ent in an industrial process to make another product, and, thereby may be removed from reg- 
ulation as a federal hazardous waste. For example, the spent catalyst may be used as a raw 
material for cement manufacture or as a concrete aggregate. The possible uses for spent cata- 
lyst must be determined on a case-by-case basis. 

Cascading. Catalyst with moderate remaining activity may be used in another SCR applica- 
tion where the lower activity is suitable, creating a cascade effect. The catalyst remains 
exempt from hazardous waste classification until it can no longer be effectively utilized. 

Regeneration. In the US., spent catalyst has been partially regenerated by sandblasting it 
to clear the catalyst passages. (Effective restoration cannot be obtained when heat sintering 
occurs.) 

Reclamation. Metals in the spent catalyst, such as vanadium, tungsten, and titanium, may 
be reclaimed for use in other products. 

SCR Economics 

SCR capital cost estimates and levelized cost estimates are summarized in Table 10-17. It 
is important to note that there are large differences in the estimates. Early estimates are much 
higher than recent awards and quotes. In particular, note the significantly lower SCR capital 
costs provided by Wax of the Institute of Clean Air Companies (ICAC) based on 1993 mar- 
ket activity. More recent costs are lower due to the effects of competition, technical 
advances, operating experience, and fewer changes to the balance of plant than in the early 
estimates. Also, early SCR units were oversized as suppliers underestimated catalyst activity. 
Moreover, in the US., the price of catalyst has dropped dramatically since the process was 
first introduced (Wax, 1993A). Cochran et al. (1993) also discuss some of the factors behind 
the reduction in SCR costs experienced in the U.S. market. 

Levelized costs have also dropped because guaranteed catalyst life is now typically seven- 
years vs. the two years used several years ago for coal-fired applications. The seven-year cat- 
alyst life is based on about 10 SCRs in Japan with Hitachi catalyst that operated over five 
years with no catalyst replacement. Half of these SCRs operated over seven years with no 
catalyst replacement. 

The cost variability in Table 10-17 is due to many factors, including date of the estimate, 
SCR size and type, initial and controlled NO, concentrations, fuel characteristics, catalyst 
lifeheplacement considerations, and modifications to downstream equipment. Operating cost 
variability depends on the following factors (Robie et al., 1991B): 
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Table 10-17 
SCR Costs 

Levelized Level i zed 
Capital Cost, Busbar 
cost, $/ton of Cost, 

SCR Application $/kW NO, reduced milwkwh References 

New coal-fired unit 78-93 3,3@3-3,800 5.3-6.1 Robie et al., 1991A' 
50-65 Not given Not given Cochran et al., 1993 

Retrofit to conventional 
furnaces (wall- or 96-105 2,7504,250 5.9-6.5 Robie et al., 1991A 
tangential-fired) 75-1002 Not given Not given Cochran et al., 1993 

30-703 Not eiven Not eiven Wax. 1993A 
Retrofit to cyclone-fired 

boilers 125-140 1,1W1,250 8.2-9.1 Robie et al., 1991A 
Retrofit to oil-fired boilers 90-98 3.600-7.500 4.24.6 Robie et al.. 1991A 
Retrofit to oil- & gas-fired 

Retrofit as post-FGD SCR 140 2,850 6.84 Robie et al., 1991B' 
boilers 15-30 Not given Not given Wax, 1993A 

Combustion turbine 
installations 30-10@ - - May et al., 1991 
(3.5 to 80 MW) 

Notes: 
1. Capital and levelized cost estimates by Robie et a/. (1991A) are based on constant 1990 dollars and 4W550 
MW, gross unit capacity. Robie et al. (1991B) cost estimates are based on December 1989 dollars and a 536 
MW, capacity unit. EPRI's Technical Assessment Guide (TAG) was used as a basis for estimating these costs. 

2. For the most dificult retrofit high-dust SCR installations. 
3. Refer to Table IC18 for a cost breakdown. 
4. A reheat credit of 0.93 mills/kWh is assumed for  the post-FGD SCR case. It would not be applicable to sites 

5. The costs by May et a/. (1991) are based on data collected on an SCR-sitefieldprogram. Combustion turbine 
where a wet stack is used. 

sizes ranged from 3.5 to 80 MW, The capital costs given represenredfrom 5 to 25% of the total installed cost of 
a combined cycle combustion turbine system. Levelized cost data were not given. 

SCR catalyst replacement frequency 
Ammonia consumption 
Ammonia vaporization steam 
Incremental sootblowing s t e d a i r  for the catalyst 
Dilution air blower fan horsepower consumption 
Incremental ID fanlbooster fan horsepower consumption 
Incremental FD fan horsepower consumption 
Incremental ESP power consumption 
Water treatment chemicals 
Air heater efficiency loss 
Increased air heater leakage 
Incremental FGD reheat steam consumption 
SCR catalyst disposal 
Incremental fly-ash disposal 
Natural gas consumption (cold-side SCR reheat fuel) 



928 Gas Purflcation 

The following observations can be made regarding SCR costs: 

The levelized cost per ton of NO, removed decreases with increasing inlet NO, concentra- 
tion. 
Capital costs for SCR retrofits can be substantially higher than for new applications 
because SCR retrofits often require costly modifications to existing equipment. 
SCR capital costs are higher for cyclone-fired boilers because their higher NO, emissions 
require more catalyst volume (Robie et al., 1991B). 
The levelized costs of hot-side SCR systems are usually lower than the costs of cold-side 
(post FGD) systems due primarily to the additional expense for the external heat source and 
supplemental natural gas firing needed by cold-side units. 

Wax (1993A) gives a cost breakdown for hot-side, high-dust SCR retrofit applications, 
which is presented in Table 10-18. Wax (1993C) has also compiled capital cost data for a 
number of SCR installations, which are presented in Table 10-19. 

Combined NOx/S02 Post-Combustion Processes 

The control of both SOz and NO, concentrations in flue gas by a single process has obvi- 
ous advantages over the use of two separate processes, and considerable effort has gone into 
attempts to develop an economical combined NOXISO, control process. Unfortunately, no 
combined process has yet achieved widespread acceptance, although numerous approaches 
have been proposed and a few have reached commercial status. Combined NO,/SO, control 
processes that have been used commercially, or are believed to be in an advanced stage of 
development, are described in Chapter 7, “Sulfur Dioxide Removal.” To avoid repetition, 
this section is limited to comparative evaluations of available combined processes and very 
brief descriptions of selected technologies. 

Several organizations have conducted reviews and evaluations of combined NO,/SO, con- 
trol processes, including EPRI (DePriest et al. 1989; DePriest et al., 1990; Cichanowicz et 
al., 1991); Pittsburgh Energy Technology Center (PETC) (Pan, 199 1); Argonne National 
Laboratory (ANL) (Livengood, 1989); PETC and ANL (Livengood and Markussen, 1993 
and 1994), and Tennessee Valley Authority (TVA) (Faucett et al., 1978). General survey 
papers on the subject have also been released by Davis and Mikucki (1989), Livengood and 
Markussen (1 Wl), Makansi (IWO), and Kuhr et al. (1988). 

The purpose of the EPRI study was to identify any processes (expected to be commercial- 
ly available around 1997) that might offer such significant benefits over advanced FGD/SCR 
that they would merit R&D support. The project initially developed a list of 70 processes. 
This list was reduced to about 25 processes in the first screening, and 19 of these were final- 
ly selected for more detailed technical and economic evaluation. These 19 have been classi- 
fied into 6 groups as indicated in Table 10-20 (Cichanowicz et al., 1991). 

The Tennessee Valley Authority study (Faucett et al., 1978), although very thorough, is 
outdated. It provides an excellent review of the state-of-art for NO, control technology as of 
1977. Davis and Mikucki (1989) used a modified fonn of the TVA study approach for classi- 
fying processes as “bench scale,’’ “pilot scale,” and “demonstration/commercial scale.” They 
were concerned primarily with pollution control from industrial boilers and concluded 
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Table 10-18 
Cost Breakdown for a Retrofit Hot-Side, High-Dust SCR1 

Item 

Typical 
Value 
$kW2 Notes 

Ducting 

Fan UpgradeBeplace 

Structural 

Storage & 
Distribution 

ReactorKatal y st 

Controls 

Air Heater 

Installation 

Total Process Capital 

Fees & Contin- 
gency (45%) 

Total Plant Cost 

3 .00 

0.00 

4.00 

2.00 

15.00 

1 .oo 

1.50 

10.60 

37.10 

16.70 

53.80 

Ducting cost can be highly variable. This cost assumes that 
the SCR reactor is located over the air heater. 

Usually, the existing boiler draft fans will have enough 
capacity to handle the additional load of an SCR. On a 
pressurized boiler, the combined air side pressure drop 
increase due to retrofit of LNB and gas side pressure drop to 
retrofit of SCR might be large enough to necessitate fan 
modifications. Increased air heater leakage due to increased 
differential pressure across it also affects fan capacity 
requirements. 

Site-work and foundations costs are excluded. This item can 
be significant in a difficult retrofit. 

Storage and distribution cost is based on use of anhydrous 
ammonia. 

Reactorkatalyst cost is based on 6,000 ft3 of catalyst and 
$400/ft3 cost with added allowance for the cost of the reactor. 
Current market conditions are assumed. 

Controls cost includes two NO, analyzers, one ammonia 
analyzer, and control hardware. 

Air heater cost is for replacement of the air heater baskets. 
Given the low ammonia slip values, this may not be 
necessary. 

40% of the purchased equipment cost. 

These costs are for general facilities, fees, and contingencies. 
The indicated value may err on the high side as no general 
facilities may be required, and engineering fees may only be 
10%. 

Notes: 
1 .  Based on a 200 MW, power plant 
2. 1991 current dollars 
Source: Wax ( I  993A) 
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Table 10-19 
Capital Costs of Some Recent U.S. SCR Retroms 

W P  NO, 
Reduction 

Facility Fuel Efficiency Cost Notes 

Los Angeles Natural gas with 92% with Two 230 MW, units: Costs exclude ammonia 

and inlet and outlet NO, 
Department of low-sulfur No. 2 natural gas $25kW storage and supply systems 
Water and Power 
Haynes Station 71% with Two 330 MW, units: continuous monitoring 

oil for backup 

fuel oil $24kW systems. 

Southern California Natural gas 87% Two 480 MW, units: 
Edison Los $30kW 
Alamitos Station 

Southern California Natural gas 87% & 93% Two 750 MW, units: 
Edison Ormond $25kW 
Beach Station 

Source: War (19930 

Table 10-20 
Combined NOJSO, Processes Identified by EPRl for Technical Evaluation 

I Process Category Process Name I 
Solid SorptionRegeneration UOPFETC Fluidized bed CuO 

Rockwell Moving bed CuO 
NOXSO 
MitsuilBF Activated Coke 
SumitomoEPDC Activated Char 
Sanitech Nelsorbent 
Lehigh Univ. Low Temp. 
Battelle ZnO Spray Dryer 
Ebara E-Beam 
ENEL Pulse-Energization 

Dow Electrochemical Regen. 

Irradiation of the Flue Gas 

Wet Scrubbing ArgonnelDravo ARGONNOX 

GaslSolid Catalytic Haldor Topsee WSA-SNOX 
Degussa Catalytic 
B&W SNRB 
Parsons Flue Gas Cleanup 

Dry Injection Additives 

Electrochemical IGR/Helipump 

Argonne High-Temp. Spray Dry 
PETC Mixed Alkali Spray Dry 

I Source: Cichanowicz et al. (1991) 
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Processes that produce salable byproducts should be considered for application at sites 
where chemicals such as sulfuric acid are already being produced. Modified forms of the 
CuO and NOXSO processes are specifically recommended. 
Throwaway processes are preferred for nonindustrial sites. Some form of fluidized bed 
combustion appears to be the leading candidate. 

The combined NO,/SOz control process categories and specific processes listed in Table 
10-20 are described briefly in the balance of this section in the order given in the table. 

Solid SorptioMRegeneration Processes 

The processes categorized as Solid SorptionRegeneration in Table 10-20 all operate by 
contacting the gas with particles; however, the mechanisms involved in the various processes 
differ markedly. 

Copper Oxide. Copper oxide based processes remove NO, from the gas by selective cat- 
alytic reduction with ammonia using the copper oxide as a catalyst. They remove SOz from 
the gas stream by sorption and reaction with the copper oxide to form copper sulfate. The 
sorbent is regenerated by contact with a reducing gas, producing a concentrated sulfur diox- 
ide stream that can be used as feed to a sulfuric acid plant. The process, as developed by 
UOP and PETC, utilizes a fluidized bed of sorbent in the main contactor. A variation pro- 
posed and tested by Rockwell International uses a moving bed of sorbent in a cross-flow 
panel arrangement. Additional details on the history and basic technology of the process are 
given in Chapter 7 under the heading “Copper Oxide Process.” 

NOXSO Process. Unlike the copper oxide process, the NOXSO process uses a solid sor- 
bent that actually captures and retains NO, as well as SOz. The sorbent contains about 3.8% 
sodium on the surface of a gamma-alumina substrate (Livengood, 1989). The reaction mech- 
anisms are not completely understood, but the spent sorbent contains a wide variety of com- 
pounds, including sodium sulfate and sodium nitrate. Regeneration of the sorbent requires 
two stages: a thermal stage (about 600°C) where the nitrogen compounds are decomposed to 
produce an NO,-rich stream that can be recycled back to the boiler in the combustion air, 
and a reducing stage where a gas, such as methane, is used to produce a concentrated stream 
of SO2 and HzS, which is used as feed to a Claus sulfur plant. Additional details on the 
process are given in Chapter 7 in the section titled “NOXSO Process.” 

Activated Coke or Char. Processes based on active forms of carbon resemble the copper 
oxide processes in that they remove NO, by selective catalytic reduction with ammonia 
using the sorbent as a catalyst. However, the mechanism for SOz removal is entirely differ- 
ent. Sulfur dioxide is adsorbed on the active carbon, which also acts as a catalyst for the oxi- 
dation of adsorbed SOz to SO3. In the presence of moisture, the sulfur trioxide forms sulfuric 
acid on the char. Regeneration of the sulfuric acid-laden char is accomplished in a separate 
vessel where the sorbent is heated to about 400°C. At this temperature, the sulfuric acid 
reacts with a portion of the carbon, forming a gas phase containing sulfur dioxide, carbon 
dioxide, moisture, and various impurities. This gas stream is further processed to produce 
sulfuric acid or elemental sulfur, and the remaining char is recycled, with makeup, to the 
contactor. Several variations of the basic process are discussed in Chapter 7 under the broad 
heading “Adsorption Processes.” 
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Sorbtech Process. This process resembles the NOXSO process in the use of a sorbent that 
removes and retains both SO, and NO, from the flue gas and is regenerated for reuse. The 
sorbent is composed of magnesia and expanded venniculite. It removes SO? and NO, from 
the gas by a combination of reaction with the magnesia and capillary pore condensation. The 
sorbent is regenerated by heating to 700°C in a slightly reducing environment. Although 
field tests have been conducted on portions of the process (Nelson, IWO), it is still in the 
very early stages of development. Additional data on the process are given in Chapter 7 
under the heading “Sorbtech Process.” 

Lehigh University Low Temperature Process. Bench scale tests on a variety of cata- 
lystkorbents have been conducted at Lehigh University. The object of the program is to 
evaluate the ability of various catalyst compositions and configurations to remove SO2 and 
NO,. The work is in a very early stage of development; however, the construction and field 
testing of a small rotating reactor is planned (Makansi, 1990). 

W e & ?  ZnO Spray Dyer. The Battelle process utilizes a slurry of zinc oxide injected 
into a spray dryer for the initial flue gas contact. The gas and dry particles then flow to a 
cloth filter, which removes the partially spent sorbent and also provides additional gas-sor- 
bent contact time. The spent sorbent discharged from the filter contains zinc sulfite, zinc sul- 
fate, and nitrogen compounds. It is thermally decomposed to drive off SO, and NO,, which 
are sent to a processing system for the recovery of sulfuric and nitric acids. The process is in 
a very early stage of development; however, a patent has been granted to Battelle covering 
certain aspects of the technology (Rosenberg, 1987). 

Flue Gas lmdjation Processes 

The original work on the control of SO2 and NO, in flue gas using electron beams was 
conducted in Japan in 1970 by Ebara International Corporation (Ebara). More recently, pilot 
scale tests of the Ebara process have been conducted in the U.S. (Livengood, 1989). The ion- 
izing radiation produces numerous ions and active species in the gas resulting in the conver- 
sion of SO2 and NOx to strong acid forms. Two versions of the process have been tested. In 
one version, ammonia is injected’lnto the gas, and an ammonium sulfate-nitrate byproduct is 
produced. In the other, lime is used instead of ammonia to neutralize the acids. The lime is 
fed as a slurry into a spray dryer, and the spent lime, containing calcium sulfite, calcium sul- 
fate, and calcium nitrate, is considered to be a throw-away waste as in conventional spray 
drying FGD processes. Work on a similar process has been reported by ENEL of Italy (Kuhr 
et al., 1988). Additional details of the E-Beam process are given in Chapter 7 under the 
heading “Ebara E-Beam Process.” 

Wet Scrubbing Processes 

Metal Chelate Addition. Metal chelates, such as ferrous ethylene-diamine-tetra-acetate 
(Fe(II) EDTA), enhance the absorption of NO, into aqueous solutions by reacting quickly 
with dissolved NO to form the complex Fe(II) EDTA NO. The coordinated NO can react 
with sulfite and bisulfite ions, forming hydroxylamine-N-disulfonates (HADS) and releasing 
the ferrous chelate to react with additional NO. When the aqumus solution is a sodium or 
calcium-based SOz absorbent, the addition of ferrous chelate results in a combined NOXISO, 
control process. 



Control of Nitrogen Oxides 933 

An early problem with this chelate system was the oxidation of ferrous ions to the inactive 
ferric form. Argonne National Laboratory has been conducting an extensive study to develop 
additives that inhibit this oxidation (Mendelsohn et al., 1991). Further development of the 
additive approach is being carried out under an agreement between Argonne and Dravo 
Lime Co. Another approach is under development by The Dow Chemical Co. A key feature 
of the Dow process is the use of an electrochemical cell to reduce femc ions to the ferrous 
state (Livengood, 1989). 

Sodium Chlorite Addition. Another process, offered by Belco Technologies for commer- 
cial application, uses sodium chlorite as an additive to the SOz scrubbing solution. The sodi- 
um chlorite converts NO to NO2, and dissolved sulfur dioxide reduces the NO2 to nitrogen 
(AirTECH News, 1993). 

GadSolid Catalytic Processes 

Hacdor Topsee WSA-SNOX. The WSA-SNOX process was developed by Haldor Topsae 
AIS ,  Denmark, and is offered in the U.S. by ABB Combustion Engineering, Inc. The process 
is one of the most highly developed of the combined NOJSQ FGD systems. Several indus- 
trial systems are in operation in Europe, and a demonstration unit has been operated in the 
U.S. (Kingston et al., 1990). 

In the WSA-SNOX process, the flue gas passes first through a conventional SCR unit 
where NO, is reduced to N2 by ammonia. The flue gas is then heated slightly and passed 
through a second catalyst where SOz is oxidized to SO3. The SO3 is hydrated to form sulfu- 
ric acid and concentrated to 95 wt% acid in an air-cooled falling-film condenser constructed 
of glass. Ammonia slip from the SCR reactor is oxidized in the SO2 converter, eliminating a 
problem encountered in conventional SCR processes. A more detailed description of the 
process is given in Chapter 7 in the section titled "SNOX Process." 

Degussa DESONOX Process. The DESONOX process, conceived by the German f m  
Degussa and being developed jointly by Stadtwerke Munster, Lentjes, and Lurgi, is closely 
related, but not identical, to the WSA-SNOX process. It also reduces the NO, to nitrogen in 
an SCR step using ammonia, and oxidizes the SO2 to SO3 over a second catalyst. However, 
in the DESONOX process both catalysts are in the same chamber and operate at about the 
same temperature. The SCR catalyst is zeolite based, and the oxidizing catalyst contains pre- 
cious metals. Both are ceramic honeycomb structures. A large demonstration plant was con- 
structed in Germany. Its initial operation is described by Brand et al. (1989). 

SO,-NO,-Rox-Box (SNRB). This process is based on the well known technologies of in- 
duct injection of a calcium- or sodium-based sorbent for SO2 removal and SCR with ammo- 
nia for NO, control. Its novelty is in conducting the two operations, plus fly ash collection, 
in the same system. The sorbent is injected into the flue gas either before or after the econo- 
mizer and reacts with SO2 in both the ducts and the filtercake on the cloth filter bags. 
Ammonia is injected into the flue gas and reacts with NO, on a catalyst suspended within the 
filter bags. The filter is operated hot (425"47OoC) to accelerate the reactions; and as a 
result, a special high-temperature, woven-ceramic filter bag material is required. Low exit 
SO2 and SO3 concentrations may permit lower air preheater exit temperatures and greater 
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system thermal efficiency. A 5 MW process demonstration was completed in May 1993, at 
Ohio Edison's R.E. Berger plant under the second round of the DOE Clean Coal Technology 
program. SO2 removal efficiencies greater than 80% were achieved using lime at CdS ratios 
of 1.8D.O. Testing with sodium bicarbonate showed that SOz removals above 90% were 
attainable at a normalized stoichiometry (Na2/S) of 2.0 over a fabric filter temperature range 
of 22O"/47O0C. NO, reductions greater than 90% were achieved at NH3/NOX molar ratios of 
0.8Y0.90. A minimum life of three years is currently being projected for the NO, catalyst. 
An economic evaluation using WRI guidelines estimates process capital costs of $240/kW 
and an annual levelized cost of $509/ton SOz + NO, removed for a 500 MW plant burning 
2.5 wt% S coal (1993 dollars) assuming a 15-year plant life (Livengood and Markussen, 
1991; 1994). 

Parsons Flue Gas Cleanup Process. The Parsons Flue Gas Cleanup (FGC) process con- 
sists of three steps: 

1. Simultaneous catalytic reduction of SO2 to HzS and NO, to N2 in a hydrogenation reactor. 
2. Recovery of H2S by selective absorption from the gas stream. 
3. Conversion of H2S to elemental sulfur. 

These three technologies have been applied in commercial applications, but their use in a 
single process for flue gas treatment is a relatively new development. Potential development 
issues with this application are excessive reducing of gas consumption due to oxygen in the 
flue gas and catalyst plugging by fly ash (Livengood and Markussen, 1994). During 1990, pilot 
scale tests of the hydrogenation step with a boiler flue gas produced consistent 99%+ SOz con- 
version and 92% NO, conversion with the two best catalyst systems (Kwong et al., 1991). 

Sulfur dioxide removal by the injection of alkaline solids (or slurries) into the gas stream 
and separation of spent particles by filtration or electrostatic precipitation is a well estab 
lished technology. As would be expected, attempts have been made to modify this technolo- 
gy to accomplish combined NO,/SOz control. Although the approach is still developmental, 
it offers the promise of process simplicity. Two basic mechanisms have been investigated: 

1. Injection of a mixture of an SOz sorbent, such as lime, and a selective reducing agent, 
such as urea, into the furnace at a temperature region where both thermal reduction of NO, 
and sorption of SO2 can occur. 

2. Injection of a reactive sodium compound either with or without a calcium sorbent. It is 
theorized that SO2 is first absorbed and the resulting sodium sulfite acts as a catalyst for 
the oxidation of NO to NOz. The NOz then reacts with the solids to form nitrogen, nitrates, 
nitrites, and sulfur-nitrogen compounds. 

A furnace injection process was studied by Himes et al. (1990). They conducted tests 
using a dry lime-urea hydrate injected into a high-temperature gas stream simulating the 
upper furnace region of a boiler. The tests demonstrated simultaneous SO2 and NO, reduc- 
tions of 65% at mole ratios of 3 and 1.5, respectively, for CdS and N/NO,. Gullett et al. 
(1991) report on tests with a slurry of lime in urea-based solution. These tests, which were 
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conducted in a natural gas reactor, achieved 80% reduction of both impurities at reactanvpol- 
lutant stoichiometric ratios of 211 and 111 for SO2 and NO,, respectively. 

In conventional spray-drying FGD systems using lime slurry for SO2 removal, NO, in the 
flue gas is relatively unaffected. Small scale research at the Pittsburgh Energy Technology 
Center (PETC) indicated that operation at higher than normal temperature with NaOH as an 
additive to the lime resulted in significant NO, reduction. The process was studied in full 
scale tests at Argonne National Laboratory (Brown et al., 1988). The ANL tests demonstrat- 
ed that 

A temperature of at least 180°F was required for NO, reduction. 
Most NO, reduction occurred in the filtercake and reduction was strongly dependent on fil- 

NO, reduction increased with S 0 2 / N 0 ,  ratio. 
Caustic soda increased NO, reduction. 
Reduction efficiencies of 70% for SO2 and 35% for NO, were easily attained. 

tercake thickness. 

Duct injection represents a third feed alternative. In one concept, sodium bicarbonate is 
injected into the flue gas duct at about 150°C in addition to hydrated lime injected into the 
convective section of the boiler (Helfritch et al., 1991). In another concept, recommended 
for small plants, sodium bicarbonate, without lime, is injected into the duct upstream of a 
cloth filter (Darmstaedter, 1990). A general problem with the use of sodium compounds is 
the release of NO2, which can cause a visible yellow plume at the stack. The production of 
NO2 tends to increase with temperature, but can be minimized by the injection of urea or 
ammonia. Disposal of the solid product, which contains water-soluble sodium salts, can 
also be a problem. 

Electrochemical Processes 

Several organizations have conducted research on the use of electrochemical processes for 
flue gas purification, but the technology has not yet progressed beyond the bench scale stage. 
A process under development by Helipump, Inc. has shown some promise for removing both 
SO2 and NO,. The technology is derived from work on high-temperature solid-oxide fuel 
cells using ceramic electrolytes coated with proprietary electrocatalysts (Kuhr et al., 1988). 
The cell operates in the temperature range of 850"-950°F and reduces SO2 and NO, to ele- 
mental sulfur and nitrogen, which remain in the flue gas. In an operating plant the sulfur 
would be condensed and recovered downstream of the electrochemical cell. 

Miscellaneous NO, Removal Processes 

Tri-Mer TRZ-NO, Process. This is a commercial, proprietary NO, control process 
based on multistage scrubbing of the gas stream. It uses an undisclosed solvent that is 
claimed to also remove HCl, SO2, Clz, HN03, HF, and other residual inorganic gases simul- 
taneously with the NO,. Over 50 installations were reported to be in operation in 1992, the 
largest treating 54,000 cfm of gas (Tri-Mer Corporation, 1992). The liquid effluent from the 
scrubber contains soluble salts, which in many cases can be disposed of in a municipal sewer 
system. If this is not acceptable, a water treatment package must be added. The process is 
said to be applicable to all ratios of NO to NO2 and is claimed to be capable of reducing NO, 
concentrations to below 10 ppm on a continuous basis. 
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Nissan Permanganate Process. The Nissan Permanganate process was developed by 
Nissan Engineering. This process was originally designed to treat HN03 tail gas; but, with 
the installation of an FGD system prior to the denitrification system, the process could be 
adapted to fully treat power-plant stack gas. A chloride prembber may be required for a 
coal-fired power plant. The NO,, is absorbed in a scrubber using a solution of KOH and 
KMnO,. The liquid effluent from the scrubber is regenerated, and HN03 is produced using 
an electrolysis unit, a “manganate reactor,” and an electrolytic oxidizer. Little information 
and no economic data have been published for this process. In 1978, it was reported that 
since 1972 four small plants (100-2,OOO Nm3/hr) had been built (Faucett et al., 1978). 

Tokyo Electric-Mitsubishi Heavy Industries Process. The Tokyo Electric-Mitsubishi 
Heavy Industries (MHI) process is a wet oxidation-absorption system developed jointly by 
Tokyo Electric Power and MHI. This process was developed for treating clean flue gas (no 
SO,). The NO, is oxidized by O3 to N205, absorbed in H 2 0  to form &lo% HN03, and then 
concentrated to a 60% acid solution in the byproduct recovery section. A calcium sulfite scrub- 
ber removes any excess ozone from the flue gas. In December 1974, a 33.3 MWqUi, plant 
began operating. No operating results or costs have been published (Faucett et al., 1978). 
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INTRODUCTION 

Water vapor is probably the most common undesirable impurity in gas streams. Usually, it 
is not the water vapor itself that is objectionable, but rather the liquid or solid phase that may 
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precipitate from the gas when it is compressed or cooled. Liquid water almost always accel- 
erates corrosion, and ice (or solid hydrates) can plug valves, fittings, and even gas lines. To 
prevent such difficulties, essentially all fuel gas which is transported in transmission lines 
must be at least partially dehydrated. Compressed air used to operate automatic valves and 
instruments in refineries and chemical plants must also be thoroughly dry. There are occa- 
sionally other reasons why gas streams must be dehydrated as, for example, in catalytic 
processes where water constitutes a catalyst poison or source of undesirable side reaction 
and in the air conditioning field, where dehumidification is frequently a requirement. 

Water Content of Saturated Gas 

The quantity of water in saturated natural gas at various pressures can be estimated from 
Figure 11-1, which is based on the correlation of McKetta and Wehe (1958). This chart pro- 
vides essentially the same data as the frequently used correlation of McCarthy et al. (1950), 
but has the advantage of including corrections for gas specific gravity and water salinity. The 
corrections are used as simple multipliers for water content values shown on the main chart. 
For example, if the gas has a molecular weight of 26 and is in equilibrium with an aqueous 
phase containing 3% salt, the correction factors would be CG = 0.98 and Cs = 0.93. For this 
case, and conditions of 150'F and 3,000 psia, the gas would have a water content of 
(0.93)(0.98)(104) = 95 lb/MMscf. 
Figure 11-1 also shows a hydrate formation line for a 0.6 specific gravity gas. To the left 

of this line solid hydrates will form when saturated gas is cooled. For example, if 2,000 psia, 
0.6 specific gravity, saturated gas is cooled below about 69"F, hydrates will form. At pres- 
sures below about 150 psia, on the other hand, cooling to 32°F is necessary to precipitate a 
solid phase, and in this case, ordinary ice will form. The hydrates form more readily (Le., at 
a higher temperature or lower pressure) with gases of greater density and less readily with 
very light gases. For example, at a pressure of 1,000 psia, hydrates form at about 60°F in nat- 
ural gas of 0.60 specific gravity, while they form at 67" and 71"F, respectively, in gases of 
0.75 and 1.00 specific gravity (Arnold and Pearce, 1961). Figure 11-2 is a simple chart 
showing the hydrate point vs. gas pressure for three values of specific gravity (Pearce and 
Sivalls, 1993). A more detailed discussion of the conditions that cause the formation of 
hydrates is given in the GPSA Engineering Data Book (1987). 

In Figure 11-1 the lines below and to the left of the hydratelice formation line represent a 
meta-stable equilibrium between water vapor in the gas phase and supercooled liquid water. 
The actual equilibrium with solid ice or hydrate is at a lower water content. The effect is 
depicted in Figure 11-3, which also extends the water content scale of Figure 11-1 down to 
0.1 lb water/MMscf. The data on equilibrium water contents in the 0.1 to 1 .O lb  
waterA4Mscf range are necessary for the design of the recently developed "superdehydra- 
tion" processes. Water content data down to as low as 0.001 lb/MMscf are plotted by Buck- 
lin et al. (1985). Such extremely low values are of interest in the design of natural gas tur- 
boexpander plants. 

The water vapor content of saturated natural gas is also affected by gas composition. The 
presence of substantial concentrations of C 0 2  or H2S, for example, increases the equilibrium 
water concentration, particularly at pressures above 1,000 psia. This effect has been correlat- 
ed by Robinson et al. (1978) for gas pressures from 1,OOO to 10,OOO psia and combined acid 

(text continued on page 950) 
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Figure 11 -1. Water content of saturated natural gas. Data of McKetta and Wehe (7958) 
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Figure 11 -2. Conditions for hydrate formation in natural gas. From Pearce and 
Sivalls (1993) 

Figure 11 -3. Equilibrium water content of natural gas below the hydrate point. From 
Hicks and Senules (1991), based on Aoyagi et al. (1979). Reproduced with permission 
from Hydrocarbon Processing, April 1991 
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(text continued from page 947) 

gas concentrations up to 40% (in dry methane). Typical data from this correlation are given 
in Table 11-1. The points were selected to illustrate the effects of acid gas concentration on 
the water content of the gas as a function of both temperature and pressure. It will be noted 
that the water concentration increase caused by the presence of acid gases is greatest at high 
pressures and low temperatures. For purposes of interpolation to other gas compositions, it 
can be assumed that C02 alone has the same effect as 0.75 times as much H2S (e.g., 10% 
H2S plus 10% C 0 2  is equivalent in effect to 17.5% H2S). Additional data and correlations 
for estimating the water content of gases containing more than about 5% C02 and/or H2S are 
given in the GPSA Engineering Data Book (1987) and by Maddox et al. (1988). 

The dehydration of relatively pure carbon dioxide is of increasing interest because of its 
use in enhanced oil recovery (EOR) projects. These projects often require the transmission of 
C 0 2  as supercritical fluid from the production facility to the consuming locations. As with 
natural gas transmission, dehydration is normally required to prevent corrosion and/or 
hydrate formation in the transmission lines and downstream equipment. Unlike natural gas, 
the saturated water content of carbon dioxide increases with increased pressure at pressures 
above about 1,Ooo psia. This effect is shown in Figure 11-4 (Case et al., 1985). A much more 
detailed discussion of the variation of water content of C02-rich gas streams with tempera- 
ture, pressure, and composition is given by Diaz et al. (1991). 

The water content of saturated air at pressures from 1 to 1,OOO atm is given in Figure 11-5, 
which is based on the data of Landsbaum et al. (1955). The water content of air at atmos- 

Table 11 -1 
Effect of H# and CO, on Water Vapor Content of saturated Natural Gas 

Water 
Pressure, Temperature, H2S, co2, Concentration, 

p i a  "F Vol % Vol % Ib/MMscf 

1 ,ooo 
1 ,ooo 
1 ,Ooo 
1,000 
1,000 
6,000 
6,000 
6,000 
6,000 
6,000 

10,000 
10,Ooo 
10,Ooo 
10,000 
10,000 200 20 20 378 

Data of Robinson er al. ( I  978) 

100 
100 
100 
200 
200 
100 
100 
100 
200 
200 
100 
100 
100 
200 

0 
10 
20 
0 

20 
0 

10 
20 
0 

20 
0 

10 
20 
0 

0 
10 
20 
0 

20 
0 

10 
20 
0 

20 
0 

10 
20 

0 

58.9 
63.9 
71.9 

630 
733 
23.1 
38.5 
73.6 

197 
397 

19.9 
36.1 
71.8 

159 
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Figure 11-4. Water vapor content of saturated carbon dioxide-rich gas at 100°F. from 
Case et al, (1985). Reproduced with permission from Oil & Gas Journal, May 13, 1985, 
copyright Penn Well Publishing CO. 

pheric pressure and various degrees of saturation is most conveniently estimated from psy- 
chrometric charts, which are reproduced in most standard air conditioning and chemical 
engineering texts. 

Figures 11-1,ll-3, and 11-4 follow the common practice of stating the water content of 
natural gas in terms of IbMMscf and that of air in terms of Ib waterhb dry air. Another use- 
ful method of indicating the water content of any gas is in terms of the water dew point. 
This is defined as the temperature to which a gas must be cooled (at constant water content) 
in order for it to become saturated with respect to water vapor (i.e., attain equilibrium with 
liquid water). Since dehydration is frequently practiced to prevent the precipitation of liquid 
water from gases when they are cooled, the dew point is a more direct indication of the 
dehydration effectiveness than the absolute water content. If a dew point of 40°F is desired, 
for example, a natural gas stream would require dehydration to 62 lb/MMscf at 100 psia or 
9 1bMMscf at 1,000 psia. Since the water vapor pressure over dehydrating solutions nor- 
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Figure 11 -5. Water vapor content of saturated air. After Landshum et a/. (1955) 

mally varies with temperature in approximately the same manner as the vapor pressure of 
pure water, the effectiveness of a given solution can be evaluated in terms of the difference 
between the dew point of the dehydrated gas and the contact temperature. This difference is 
known as the “dew-point depression” and is roughly constant for a given dehydration sys- 
tem (Le., solution strength and contact efficiency) over a fairly wide range of temperatures 
and pressures. 

Available Dehydration Processes 
Commercial processes for removing water vapor from gas streams can be classified as 

follows: 

1. Absorption by hygroscopic liquids (or reactive solids) 
2. Adsorption by activated solid desiccants 
3. Condensation by cooling and/or compression 
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Only the first two methods are covered in detail, in this and the following chapter, as the 
third is primarily mechanical and is normally economical only under special circumstances. 

Glycerol was one of the first liquids used for drying fuel gas, and the design of a plant uti- 
lizing it for city gas was described by Tupholme (1929). Calcium chloride solution was 
reportedly the first liquid used for dehydrating natural gas. This was employed during the 
early 1930s (Swerdloff, 1957). Diethylene glycol (DEG) was first used to dehydrate natural 
gas in fall 1936. This material and its close relative, triethylene glycol (TEG), proved to be 
very effective. In 1957, it was estimated that there were at least 5,000 glycol-type natural gas 
dehydration plants in the U.S. and Canada (Polderman, 1957); it is now estimated that this 
number has grown to over 20,000 plants. 

Triethylene glycol has become the industry standard for natural gas; however, other gly- 
cols are employed where they are able to meet the requirements at lower cost. In addition to 
DEG and TEG, tetraethylene glycol (T4EG) and glycol blends have found application for the 
dehydration of natural gas. The blends represent impure products of the manufacturing 
process and are, therefore, available at a lower cost than highly purified DEG, TEG, or 
T4EG. However, the blends are significantly less effective than the pure compounds (Grosso, 
1978). For air dehumidification, triethylene glycol and lithium chloride solutions are the only 
two liquid systems in common use. 

For processes in which the liquid agent is injected directly into the gas stream to inhibit 
the formation of hydrates downstream of the injection point, low viscosity at the operating 
temperature is a more important property than dehydration ability. Ethylene glycol or 
methanol are most commonly used for such applications with methanol preferred for cryo- 
genic systems operating below about -40°F and ethylene glycol for moderate temperature 
applications. The higher glycols are also occasionally used in injection processes, particular- 
ly where high temperature operation can lead to excessive vaporization of ethylene glycol. 

For the special case of dehydrating supercritical carbon dioxide, Shell Oil Company has 
developed the technology of using glycerol (Diaz and Miller, 1984). Detailed discussions of 
the process are given by Diaz et al. (1991) and Wallace (1985). At subcritical conditions the 
conventional glycols, DEG and TEG, are effective for dehydrating C02-rich gas streams; 
however, at supercritical conditions the C02-rich fluids can dissolve substantial amounts of 
the glycols. Under these conditions, glycerol is an attractive desiccant. At 95°F and 1,200 
psia, for example, the solubility of glycerol in carbon dioxide is only 2 1bhlMscf compared 
to 76, 150, and 150 lb/MMscf for EG, DEG, and TEG, respectively. The drying capability of 
glycerol is roughly similar to TEG. Operation of the Shell Oil Company Glycerol process in 
a Hungarian enhanced oil recovery (EOR) process is described by Udvardi et al. (1990). 

Sulfuric acid is an excellent dehydrating agent, but because of its extreme corrosiveness, it 
is now used only for special applications, such as the drying of gas streams in sulfuric acid 
plants. Many other liquids possess dehydrating properties, including solutions of sodium or 
potassium hydroxide and the halides of several metals; however, none of these materials is in 
widespread use for gas dehydration, primarily because they are difficult to handle. 

GLYCOL DEHYDRATION PROCESSES 

Glycol Selection 

Data on the physical properties of four glycols are given in Table 11-2. Diethylene glycol 
and triethylene glycol are the principal glycols used for gas dehydration, with triethylene 
glycol applications predominating. Diethylene glycol is preferred for applications below 



Table 11 -2 
Properties of Glycols 

Ethylene Glycol Diethylene Glycol Triethylene Glycol Tetraethylene Glycol 
ROpefiY (EG) (DEW (TEG) (T4EG) 

CHp-OH CHZCH2-OH CHp-0-CHzCHpOH CH pCH p-O-CHpCHpOH 

Formula I I d CHpCHp-0-CHpCHzOH CHp-0-CHpCHpOH Q CHpCHp-OH CHp-OH 

Molecular Weight 62.1 106.1 150.2 194.2 
Boiling Point 9 760 mm Hg 197.6"C (387.7"F) 2458°C (474.4"F) 288.0"C (550.4"F) 314.0"C (597.2"F) 
Initial Decomposition 

- Temp, OF 329 328 404 
Density 9 77°F (25"C), g/ml 1.1 10 1.113 1.119 1.120 

977°F (25°C) 16.5 28.2 37.3 39.9 
9 140°F (60°C) 5.08 7.6 9.6 10.2 

dyndcm 47 44 45 45 

(25"C), Btdlb'F 0.58 0.55 0.53 0.52 

(760 mmHg), Btdlb 364 232 174 

Freezing Point -12.7"C (9.1"F) -7.8"C (17.6"F) -7.2"C (19.04"F) -5.6"C (22°F) 
Viscosity, abs, cp 

Surface Tension @ 25°C 

Specific Heat 9 77°F 

Heat of Vaporization 

Heat of Solution of Water in 
Infinite Amount of Glycol 
(approx. 80°F) Btdlb - 58 86 

- 

- 
Flash Point, "F (C.O.C.) 240 280 320 365 

Note I :  C.O.C. = CIevelandOpen Cup method 
Source: Union Carbide, 1971; Worley, 1966: Gallaugher and Hibbert, 1937 
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about 50°F because of the high viscosity of TEG in this temperature range. Tetraethylene 
glycol is recommended for contact temperatures above about 120°F to minimize vapor loss- 
es. Additional physical property data on the two principal glycols are given in Table 11-3. 
The factors that have led to the widespread use of glycols for gas dehydration are their 
unusual hygroscopicity, their excellent stability with regard to thermal and chemical decom- 
position, their low vapor pressures, and their ready availability at moderate cost. Pho- 
tographs of typical glycol dehydration plants are presented in Figures 11-6 and 11-7. 

Process Description 

Basic Ptvcess 

A simplified flow diagram of a typical triethylene glycol dehydration plant for natural gas 
service is shown in Figure 11-8 (Bentley, 1991). The process is quite simple. After flowing 
through a separator (not shown in the diagram) and through a knockout section to remove 
entrained liquid, the feed gas then flows up through a chimney tray into the absorption sec- 
tion of the contactor, which typically contains between four and ten bubble-cap trays. The 
concentrated glycol, normally containing 0.5 to 2% water, is fed to the top of the contactor 
and absorbs water from the gas while flowing downward through the column. The dried gas 
leaves the top of the contactor and is used to cool the glycol feed. As indicated on the flow 
diagram, it may then pass through a scrubber which removes any entrained glycol droplets 
before the product gas enters the pipeline. 

Rich glycol flowing out of the bottom of the contactor typically contains 3 to 7% water 
and must be reconcentrated before it can be reused for water absorption. The rich glycol is 
often used to provide cooling and condense water vapor at the top of the reconcentrator. This 
raises the temperature of the rich glycol, which then may be further heated by heat exchange 
with hot lean glycol. It then enters a reduced pressure flash tank where dissolved hydrocar- 

Table 11 -3 
Effect of Temperature on Glycol Properties 

Temp., Viscosity, Sp. Ht, Thermal Conduct., 
Glycol “F Sp. Gr. CP. BN(1b) (“F) Btu/(h) (ft) (“F) 

DEG 50 
100 
150 
200 
300 

TEG 50 
100 
150 
200 
300 

1.127 
1.107 
1.089 
1.064 
1.021 
1.134 
1.111 
1.091 
1.068 
1.022 

72 
18 
7.3 
3.6 
1.3 

88 
23 
8.1 
4.0 
1.5 

0.53 
0.56 
0.58 
0.60 
0.66 

0.485 
0.52 
0.55 

0.585 
0.65 

0.146 
0.135 
0.125 
0.115 
- 

0.140 
0.132 
0.125 
0.118 
- 

I 
I Source: Union Carbide, 1971 
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Figure 11 -6. Large glycol natural gas dehydration plant. Courtesy of Southern Counties 
Gas Co. of California 

bon gases are released. The released gases are recovered and used for fuel or other purposes. 
After flashing, the rich glycol passes through a filtration system and a second glycol/glycol 
heat exchanger where it is further heated, and finally enters the reconcentrator column above 
a short packed or tray section. Efficient recovery of heat from the reconcentrator products is 
necessary to minimize fuel consumption in the reboiler. 

Because of the extreme difference in the boiling points of glycol and water, a very sharp 
separation can be achieved with a relatively short column. Water reflux must be provided at 
the top of the column to effect rectification of the vapors and minimize glycol losses in the 
overhead vapor stream. This is normally provided by condensing a portion of the overhead 
vapor. The amount of reflux is held at the minimum consistent with good plant operation 
because it directly affects the quantity of heat required in the reboiler. Typically, a condenser 
heat duty of about 25% of the reboiler duty will provide sufficient reflux to limit glycol loss- 
es to less than 2 lb glycol per MMScf of feed gas (GPSA, 1987). In the flow diagram of Fig- 
ure 11-8, the extent of vapor condensation is controlled by a simple bypass valve in the rich 
solution line. More effective control can be attained by using a three-way valve in the solu- 
tion line to apportion solution between the reflux coil and the bypass line in response to a 
temperature sensor located at the top of the still column (Bucklin, 1993). 

Heat for the distillation is provided by a direct fired reboiler. Hot lean glycol leaves the 
reboiler and flows to a surge tank (which often contains cooling coils) and is pumped 
through the glycoVglyco1 heat exchangers and back to the contactor. 
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Figure 11 -7. Small package-type glycol natural gas dehydration plant. Courtesy of 
BS&B Engineering Co., Inc. 

Enhanced Stripping Processes 

The degree of dehydration that can be attained with a glycol solution is primarily depen- 
dent on the extent to which water is removed from the solution in the reconcentrator. The 
operation of atmospheric pressure distillation units for water removal is limited by the maxi- 
mum temperature that can be tolerated without excessive decomposition of the glycol (about 
400°F for TEG). Concentration of TEG to 98.5 to 99.0% is attainable in a simple atmospher- 
ic pressure still. When significantly higher concentrations are needed to meet stringent gas 
dehydration requirements, the use of an enhanced stripping technique is necessary. 

The flow diagram of Figure 11-8 shows an optional stripping gas column that operates on 
the hot lean glycol flowing from the reboiler to the surge tank. When this type of stripping is 
used, a small stream of dry natural gas is fed into the bottom of the stripping gas column to 
reduce the partial pressure of water vapor in the gas phase. The gas aids in removing water 
from the glycol and finally leaves the primary stripping column with the vented water vapor. 
A simpler but less effective technique is to inject the inert gas directly into the glycol in the 
reboiler. According to Wieninger (1991), a concentration of 99.5% can be obtained by inject- 
ing stripping gas into the reboiler, and a concentration as high as 99.9% can be obtained with 
a separate stripping gas column between the reboiler and the surge tank (see Figure 11-8). 



LP SYSTEM 

Figure 11 -8. Flow diagram of typical glycol dehydration process. (Benfley, 1991) 
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The reboiler gas injection method has the additional advantage of stirring the glycol which 
helps avoid overheating of glycol in contact with the hot firetube surface. 

An alternate approach for the enhancement of reconcentrator performance is the use of an 
azeotrope former as shown in Figure 11-9 (Smith, 1990). In this approach a volatile hydro- 
carbon liquid is fed into the glycol regeneration system. The hydrocarbon increases the 
volatility of water in the solution and, after vaporization, acts as stripping gas in the lean gly- 
col stripper. Mixed vapors from this stripper flow through the glycol reboiler and the rich 
glycol stripper, which is refluxed with aqueous condensate to minimize glycol losses. Vapors 
from the rich glycol stripper are totally condensed and collected in a separator. Condensed 
hydrocarbon liquids form an immiscible phase which is recycled to the regeneration system. 
Liquid water is discarded. 

The process was originally developed by Dow Chemical Company in the mid 1970s and 
called the Drizo or Super Dnzo process. OPC Engineering acquired an exclusive license in 
1986 and has made several improvements to the process. The process has the advantages 
over the use of noncondensible stripping gas of permitting the recovery of BTX components 
(as excess liquid hydrocarbon) and avoiding the consumption of valuable sales gas; however, 
it does require payment of a license fee ( O K  Engineering. Inc., 1992; Fontenot et al., 1986; 
Frazier and Force, 1982; Fowler, 1975; Pearce et al., 1972). 
Smith and Skiff (1990) reported that this type of process can achieve concentrations of over 

99.99% with triethylene glycol, resulting in potential product gas water dew points in the 
-100" to -140°F range. In more recent papers, Smith (1993) and Smith and Humphrey 
(1995) cite upper limit glycol concentrations of 99.997 to 99.999% based on use of the Drizo 
technology. They report experience with one plant producing treated gas with an indicated 

Inlet gas 

Figure 11 -9. Flow diagram of Drizo process showing (1) glycol contactor, (2) reflux 
condenser, (3) glycol-glycol plate exchanger, (4) flash tank, (5) solvent recovery 
condenser, (6) recovered solvent drum, (7) glycol filter, (8) surge tanklexchanger, 
(9) rich stripper, (IO) glycol reboiler, (11) lean stripper, (12) solvent-water condenser, 
(13) solvent-water separator, (14) solvent pump, (15) solvent supemeater, (16) glycol 
pump, (17) acoustical filter, and (18) glycol cooler. (Smith, 7- 
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water dew point of -139°F. The ability to proauCe dew points near -150°F can make glycol 
dehydration units applicable to turboexpander plants, which now commonly use the more 
expensive molecular sieve adsorbent dehydration systems. 

Enhanced stripping can also be attained by operating the reconcentrator under vacuum. 
BS&B Engineering, Inc., offers the process shown in Figure 11-10 and claims that hundreds 
of plants have been installed since it was first introduced in 1957 (BS&B Engineering, Inc., 
1992). In the process illustrated, the rich glycol is concentrated to approximately 99% by 
atmospheric pressure stripping in a conventional reconcentrator. The partially regenerated 
glycol, at a temperature of about 400”F, is flashed across a throttling valve to subatmospheric 
pressure, reheated to 400°F. and fed into a vacuum drum. Vapors from the vacuum drum are 
partially condensed and pumped into the atmospheric pressure regenerator. Glycol from the 
vacuum drum, at a concentration as high 8s 99.9%, is cooled and recycled to the absorber. In 
an alternate vacuum regeneration system described by Polderman (1957), a single-stage 
reconcentrator is operated under vacuum with the entire vapor output condensed. Data on ten 
vacuum regeneration glycol dehydration plants are given by Polderman. 

Another interesting technique for enhancing glycol concentrator performance has been dis- 
closed by Reid (1975). The method, called “COLDFINGER“ is illustrated in Figure 11-11. A 
cooling coil (the cold finger) is placed in the vapor space above hot glycol taken from the 
reboiler of a conventional regenerator, and a trough is placed below the coil to catch conden- 
sate. Since the vapor above concentrated glycol is much richer in water vapor than in glycol 
vapor, its condensation removes water from the system and additional water is vaporized from 
the hot glycol. The liquid captured in the trough contains some glycol which is recovered in 
the plant regenerator. More than 25 “COLDFINGER units were in operation in 1975. 

water vapor 
7 

1 L+ondYd 

Figure 11 -10. Flow diagram of glycol-dehydration plant with vacuum dehydration 
showing (1) glycol mbebr, (2) atmospheric pressure srill and reboiler, and 
(3) vacuum drum. (BS&B € t r#kwr i~  cornpan), Inc., 1992). Rf@foduW with 
permission from mmartwn Fmessh~, April 1992 
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Figure 11 -11, Flow diagram of “COLDFINGER” glycol dehydration process. (Reid, 7975) 

Alternate Absorber Designs 

In the basic glycol dehydration plant design, the typical contactor is described as a coun- 
tercurrent column containing four to ten bubble-cap trays. Although this description is prob- 
ably appropriate for the majority of operating glycol units, there is a growing trend to consid- 
er other types of contacting devices. Chief among these are high efficiency structured 
packings and co-current contactors. 

Random-packed absorption columns have seldom been used for large commercial-size 
dehydrators because of the very low liquid flow rates usually employed. As pointed out in 
Chapter 1, a low liquid flow rate normally leads to the selection of a bubble-cap column. 
The recent trend toward extremely low dew-point requirements (-40°F and below) has 
resulted in a reexamination of contactor designs to attain more theoretical stages at a rea- 
sonable cost. Structured packing, which is offered by several vendors, is claimed to offer 
greatly increased throughput, lower pressure drop, and lower column height than bubble- 
cap trays for the same service. 

In order to investigate the applicability of structured packing in TEG dehydrator service, 
ARC0 Oil and Gas Co. conducted tests on 11 different commercially available structured 
packings in a field-operated pilot plant (Kean et al., 1991). They concluded 
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1. A number of commercial structured packings perform well in dehydration service. 
2. The design gas velocity in a structured packing tower is approximately twice the normal 

3. Because of the high gas velocity, a high efficiency mist eliminator is required. 
4. A high efficiency drip-point liquid distributor should be used. 
5. Turndown capability of the structured packing is excellent, no lower capacity limit was 

velocity in a myed tower. 

determined. 

Co-current contacting is applicable only for cases requiring less than 1.0 theoretical con- 
tact; however, for those cases where it is appropriate, it can offer significant advantages. 
According to Baker and Rogers (1989) these advantages include 

1. Minimal pressure drop 
2. No flooding problem 
3. Broad turndown ratio 
4. JAW capital investment 
5. Small space requirements 
6. Simple operation 

A simplified diagram of a co-current absorber system employing a Koch SMV Static Mixer 
as the contactor is shown in Figure 11-12 The SMV mixer consists of stacked corrugated 
sheets of metal, plastic, or ceramic oriented to create a large number of intersecting flow 
channels or mixing cells. Lean glycol is sprayed into the line ahead of the mixing element, 
which divides and distributes the liquid while providing an extended liquid surface for con- 
tact. The results of tests on a static mixer co-current contactor of this type have been reported 
by Pyles and Rader (1989). They conclude that the system provides highly efficient water 
removal and close approach to equilibrium over a wide gas flow range in a short pipe length. 

Air Dehydration 

In low-pressure dehydration plants such as those used for air conditioning, the pressure 
drop through the absorber becomes a major design factor, and it is common practice to use 
spray nozzles in conjunction with a minimum of low-pressure-drop packing in the absorption 
zone. A schematic diagram of a unit of this type is shown in Figure 11-13. In this design, 
cooling coils are installed in the absorber to remove the latent heat of condensation of water. 
These also serve as packing. Cooling is required when low-pressure gas or air is dehydrated, 
because the relatively large amount of water in such gas streams otherwise causes an appre- 
ciable temperature increase. The increased temperature can reduce the dehydration effcien- 
cy and increase the loss of glycol by vaporization. In the design of Figure 11-13, the regen- 
erator is also a spray column, and air is used as a stripping vapor in conjunction with the 
heating coils. Reflux is provided by condensing a portion of the water from the regenerator 
air stream on cooling coils located above the glycol-feed point. Glycol from the absorber is 
used as coolant in the coils before it enters the regenerator. The solution-flow arrangement of 
this unit is such that a portion of the liquid pumped from the basin is passed through the 
regenerator as a slip stream operating in parallel to the absorber instead of in series, as is the 
practice in high-pressure gas-dehydration plants. 



Rich Gas 

1 

Richliquid 

Figure 11 -12. Diagram of vertical SMV co-current absorber with liquid recirculation 
followed by a gas-liquid separator. (Qles and M e r ,  1989 

ABsmBfR REGE NERATOR 

Figure 11-13. Diagram of glycol dehydration unit used in air conditioning service. 
(Gifforo: 1957) 
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Basic Design Data 

Figures 11-14 and 11-15, which are based on the work of Polderman (1957) and Panish 
et al. (1986), present data on the water dew points of gases in equilibrium with diethylene 
and triethylene glycol solutions at various temperatures. The TEG curves are based on the 
Parrish et al. data rather than the widely used Worley (1967) data because the Parrish et al. 
data cover a wider range of dew-point depressions and TEG concentrations; are thermody- 
namically consistent; and generally result in more conservative designs. 

The Panish et al. results agree fairly well with those given by Rosman (1973) for most 
dehydrating conditions. They also agree reasonably well with the Worley data at TEG con- 
centrations of 90 and 99.97%, but indicate dew points ranging from about 6" to 14°F higher 
for TEG concentrations of 98,99,99.5 and 99.9% (at 100°F contact temperature). 

Hicks and Senules (1991) suggest that the Panish et al. dew-point curves were generated 
for low-pressure systems and may not be applicable at high pressure. However, Panish et al. 
point out that unless the gas contains a large fraction of acid gases and is at a high pressure 
above about 500 psig the pressure effects are usually insignificant. Earlier studies had indi- 
cated dew-point depression to be relatively independent of pressure up to pressures of at 
least 2,000 psia (Swerdloff, 1957; Polderman, 1957; Townsend, 1953); however, more 
recent studies have shown that the pressure effect can be important. Manning and Wood 

Figure 11-14. Equilibrium dew points of gases in contact with diethylene glycol 
solution. Data of Polderman (7957) 
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Figure 11 -15. Equilibrium dew points of gases in contact with triethylene glycol 
solution. From Bucklin and Won (1987), based on Pamsh et al. (1986) 
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(1991) recommend correcting dew-point readings for pressure by assuming a decrease in 
dew point of 0.9"F for each 100 psi increase in pressure. 

Won (1994) recommends a revised dew-point formula based on a thermodynamic exten- 
sion of the Parrish et al. dew points to non-ideal gas mixtures at high pressures: 

In equation 11-1, T, and Td are the revised and Panish dew points, respectively, and T, is 
the contact temperature (normally the gas outlet) all in degrees Rankine. Phi ($) is the 
fugacity coefficient of water in the gas phase at the indicated temperature, and hv is the 
enthalpy of vaporization of water, which is approximately 19,000 BtuAb mole. The gas con- 
stant, R, is approximately 1.986 Btu/lb mole "R in equation 11-1. Figure 11-16 presents the 
values of $ for water in three typical gases, calculated by a modified polar Soave RK equa- 
tion of state (Won and Walker, 1979) at pressures from 200 to 1,500 psia and temperatures 
from -120" to +120"F. 

-120 -100 40 60 40 40 0 20 40 60 80 100 120 

TEMPERATURE, OF 

Figure 11-16. Effect of temperature on the infinite dilution fugacity coefficient of water 
in typical natural gases. (Won, 1994) 
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The revision reduces the dew-point temperature predicted by the Parrish et al. correlation. 
As an example, the equilibrium water dew point of a methane gas containing 10 mole per- 
cent carbon dioxide contacted with 99.9 wt% TEG at 100°F and 1,500 psia is estimated to be 
-33°F based on the Parrish correlation, Figure 11-15. The revised dew point, based on equa- 
tion 11-1 and Figure 11-16 is about +OF, which is 15 degrees lower than the original pre- 
diction. If the gas consists primarily of methane, a smaller correction is indicated (about six 
degrees for these conditions). 

At water dew points below the hydrate formation temperature, the vapor phase is actually 
in equilibrium with solid hydrate rather than liquid water. Correlations such as Figure 11-1 
for the water content of saturated natural gas assume that the gas is in equilibrium with sub- 
cooled liquid water at temperatures below the nonnal ice or hydrate formation point. The 
dew-point charts, Figures 11-14 and 11-15, are based on this same assumption, so the two 
charts are consistent. However, as indicated by Figure 11-3, the actual water content of satu- 
rated gas in equilibrium with hydrate is slightly less than shown in Figure 11-1, and con- 
versely, for a given water content, the actual temperature at which water deposits from gas 
(as hydrate in the hydrate formation region) may be higher than that indicated on the dew- 
point chart. This difference can be significant in the design of cryogenic plants since the 
hydrate point can be as much as 20°F higher than the metastable water dew point at tempera- 
tures below about -100°F (Bucklin et al., 1985). 

The activity coefficient for water in concentrated glycol solutions is useful in the calcula- 
tion of the equilibrium constant for water in the water-glycol-natural gas system. The equi- 
librium constant is necessary for calculating the required number of theoretical stages by 
commonly used design correlations. Activity coefficients suggested by Hubbard (1989) 
based on the Parrish et al. (1986) data are given in Figure 11-17. 

Figures 11-18 and 11-19 are useful for the design of regenerators. The vertical lines 
drawn at 340°F for diethylene glycol and 375°F for triethylene glycol represent approximate 

TEG concentration, wt9’0 

F ~ u m  11 -17. Activity coefficients for water in triethylene glycol. frum Hubbard (7989). 
Reproduced with permission fmn Oil & Gas Journal, Sept. 11, 7989, copyright 
Penn Well Publishing Co. 
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TEMPERATURE :F 

Figure 11 -1 8. Total vapor pressure of various diethylene glycol solutions vs. 
temperature. Dow Chemical Company Data (1956) 

TEMPERATURE,.F 

Figure 11 -1 9. Total vapor pressure of various triethylene glycol solutions vs. 
temperature. Dow Chemical Company Data (1956) 
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maximum design temperatures for these materials. The intersection of these lines with the 
various boiling point curves marks the recommended regeneration pressure for each solution 
concentration (in the absence of stripping gas). Where maximum dehydration is required, tri- 
ethylene glycol reboilers may be operated at temperatures as high as 400°F. With atmospher- 
ic pressure operation and no stripping vapor in the regenerator, 400°F operation results in a 
lean TEG concentration in the range of 98.5 to 99.15%. Recent reports indicate that 340°F 
may be somewhat high for DEG because, according to Smith (1993), DEG will start to 
degrade rapidly at a reboiler temperature as low as 325°F. 

Important physical property data for diethylene glycol and triethylene glycol are presented 
in Figures 11-20 through 11-28. Figure 11-20 shows the effect of temperature and glycol 
concentration on the specific gravity of triethylene and diethylene glycol solutions. To esti- 
mate the specific gravity of glycol solutions at a temperature other than 60"F, it is safe to 
assume that the specific gravity-temperature curves will be approximately parallel to those 
for 100% glycols as long as the solutions are relatively concentrated. The vapor pressure 
chart, Figure 11-23, may be used as a basis for vapor loss estimates by assuming Raoult's 
law holds for glycol in the concentrated solution employed. The freezing point diagrams of 
glycol-water systems shown in Figure 11-14 are useful in the design of glycol injection sys- 
tems to avoid the formation of solid phases. 

(text continued on page 972) 

Figure 11 -20. Specific gravity of diethylene and triethylene glycol solutions at 60°F, 
and effect of temperature on specific gravity of the pure glycols. Data of Union Cariiide 
Gorp. (7977) 
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Figure 11 -21. 
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Figure 11 -22. Specific heat of diethylene and triethylene glycol sdutions. Data Of Union 
Ca&ide Cinp. (1971) 
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Figure 11-23. Vapor pressure of pure glycols. Data of Union Carbide Corn. (1971) 
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Figure 11 -24. Freezing points of ethylene, diethylene, and triethylene glycol solutions. 
Data of Union Carbide Cow. (1971) 
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Figure 11 -25. VaporAiquid composition diagrams for diethylene glycol and water at 
100,300, and 600 mrn Hg total pressure. Data ofDow Chemical Company (1956) 

(text continued from page 91 7) 

The vapor/liquid composition diagrams, Figures 11-25 and 11-26, are applicable to the 
design of vacuum regeneration columns. Figures 11-27 and 11-28 give data on the solubility 
of natural gas and carbon dioxide in glycols. Additional data on the solubility of carbon diox- 
ide and data on the solubility of hydrogen sulfide in glycols are presented by Jou et al. (1988). 

Since triethylene glycol is the most widely used dehydrating agent, and equations are fre- 
quently preferable to graphs for design calculations, equations for estimating several key 
properties of TEG solutions, excerpted from the paper by Manning and Wood (1991), are 
given in Table 11-4. 

Dehydration Plant Design 

Inlet Separator 

An efficient inlet separator is an essential component in a glycol dehydration system. The 
primary function of the separator is to remove liquid water from the feed gas stream; howev- 
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Figure 11-26. Vapor/liquid composition diagrams for triethylene glycol and water at 
100,300, and 600 mm Hg total pressure. Data of Dow Chemical Company (1956) 

er, it also removes other impurities that may contaminate the glycol or cause operating prob- 
lems. These include salt (in the liquid water), liquid hydrocarbons, compressor lubricants (if 
the gas has been compressed), well treating chemicals, and solid particles such as sand, rust, 
and iron sulfide. The inlet separator may be a free-standing vertical or horizontal vessel or 
integral with the contactor. If separate, it should be close to the contactor so that further con- 
densation of liquid water or hydrocarbons does not occur in the connecting line. 

Typically, the separator is a vertical cylindrical vessel equipped with vanes andor mesh to 
remove fine droplets of liquid from the gas. Tables for estimating the required diameter of 
separators for various gas flow rates and conditions are given in several publications, includ- 
ing The API  Specijkation for Glycol Type Gas Dehydration Units (1990) and a paper by 
Peanx and Sivalls (1993). The tables are based on the Souders-Brown correlation, which is 
quite simple to use directly, i.e., 

V = K((dL - &)/&)0'5 (11-2) 

Where: V = Allowable superficial gas velocity, ft/s 
dL = Density of the liquid, lb/ft3 

(text continued on page 976) 
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TOTAL PRESSURE, PSIA 

Figure 11 -27. Solubility of natural gas in glycol solutions. T&thylene g/ym/ data from 
Porter and Reid (1950), diethylene glycol data Irom Russell eta/. (1945) 
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Figure 11 -28. Solubility of carbon dioxide in pure triethylene glycol. Data of Takahashi 
and Kobayashi (1982) 
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Table 11 -4 
Equations for Estimating Properties of Triethylene Glycol Solutions 

Specific Gravity (at UaO'F) = A + Bx + Cx2 
Where x = wt 9% TEG 

t, OF A B C 
-50 

0 
50 

100 
200 
300 

1.0502 
1.0319 
1.0121 
0.9920 
0.9627 
0.9177 

1.8268 E-3 -5.2009 E-6 
1.7455 E-3 -4.8304 E-6 
1.5247 E-3 -2.8794 E-6 
1.7518 E-3 -5.4955 E-6 
1.4068 E-3 -3.5089 E-6 
1.25 1 1 E-3 -2.0848 E-6 

Specific Heat Btu/(lb)("F) = A + Bt + Ct2 
Where t = temperature, "C 

wt 9% TEG A B C 

0 1 .00540 -2.7286 E-4 2.9143 E-6 
20 0.92490 2.0429 E-4 2.4524 E-6 
40 0.83229 6.2286 E-4 1.3714 E-6 
60 0.72200 9.4000 E-4 8.0000 E-7 
80 0.60393 1.2043 E-3 2.8571 E-7 

100 0.48614 1.3929 E-3 -5.7140 E-8 

Thermal Conductivity Btu/(hr)(ft)("F) = A + Bt 
Where t = temperature, "C 

wt % TEG A B 

0 0.33667 7.1667 E-4 
20 0.29000 4.0000 E-4 
40 0.25133 3.3333 E-4 
60 0.20933 -1.6667 E-4 
80 0.17267 -2.8333 E-4 

100 0.14133 -3.1667 E-4 

Viscosity (Cp) = (A)(lO)Bx 
Where x = wt % TEG 

t, "F A B 

0 1.53010 2.9967 E-2 
50 1.09200 1.9348 E-2 

100 0.58916 1.5763 E-2 
150 0.37045 1.348 1 E-2 
200 0.2737 1 1.1731 E-2 
300 0.14026 8.1319E-3 

Source: Manning and Wood, 1991 
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(text continued from page 973) 

& = Density of the gas, lb/ft3 
K = An empirical constant varying from about 0.12 for highly loaded gas to 0.35 

for gas streams containing smdl amounts of liquid, according to the API 
Specification (1990) 

The separator height must be sufficient to house the separator elements and provide surge 
capacity for collected liquids. If both liquid water and liquid hydrocarbons are present in the 
feed gas, a three-phase separator must be provided with adequate residence time to allow the 
two liquid phases to separate from each other. Pearce and Sivalls (1993) suggest vertical s e p  
arator shell heights of 5 to 7.5 ft for 16 to 60-in.-diameter two-phase units and 7.5 to 10 ft for 
three-phase units of the same diameter range. The heights are based on providing one-minute 
residence time for liquid in the two-phase separator and 5 minutes for each of the two liquids 
in the three-phase unit. 

Contactor 
Tray Columns. The contactor, or absorber, is typically a countercurrent column containing 
an integral scrubber at the bottom, a central trayed or packed absorption section, and a 
demister at the top. The basic design correlations for absorption columns are described in 
Chapter 1 and only matters specific to dehydration contactors are covered in the following 
paragraphs. 

Most glycol dehydration contactors contain 4 to 10 bubble-cap trays with 24-in. tray spac- 
ing. Sieve or valve trays are occasionally used where relatively constant gas flow conditions 
are anticipated. Large towers (Le., over 4 ft in diameter) often utilize a 30-in. tray spacing to 
provide accessibility for maintenance, while very small towers (Le., 12-in. or less diameter) 
typically use random packing such as ceramic saddles or stainless steel Pall rings (Manning 
and Wood, 1991). There is a growing trend to consider structured packing for use where 
bubble-cap trays would normally be specified because of its higher allowable gas velocity 
and lower height requirement. 

After establishing design requirements and conditions, a typical procedure for designing a 
bubble-cap column for a TEG dehydration plant includes the following steps: 

1. Convert the required product gas water content to a dew-point temperature by use of either 
Figure 11-1 or 11-3. 

2. Use Figure 11-15 to select a TEG concentration that shows an equilibrium dew point 
about 20°F below the required product gas dew point at the expected contact temperature. 

3. Select a TEG flow rate in the range of 2 to 6 gallons of lean glycol per pound of water 
absorbed. Three gallons per pound of water is a typical rate for small dehydrators, while 
lower rates (e.g., 2-2.5 gallons per pound) are more economical for large plants. 

4. Make a material balance around the column using Figws 11-1 and 113 to determine the 
water content of the feed and product gas streams and the selected TEG flow rate to calcu- 
late the water content of the rich TEG. 

5. Make a heat balance around the absorber and calculate the temperature of the exit streams. 
6. Estimate the number of trays required using precalculated charts, a McCabe-Thiele dia- 

gram, or a design correlation such as the Kremser equation, and, where necessary, a tray 
efficiency based on experience. 
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7. Calculate the required column diameter using the Souders-Brown or other appropriate cor- 

8. Repeat steps 2 through 7 as required to optimize performance and economics taking into 
relation. 

account regeneration requirements and the overall plant design. 

Charts showing the effects of TEG concentration and flow rate on the dew-point depres- 
sion attainable with 4, 6, and 8 actual trays at 100°F contact temperature are given in the 
GPSA Engineering Dura Book (1987), based on the data of Worley (1967). Similar charts for 
1.0, 1.5, 2.0, and 2.5 equilibrium stages at 80°F and 100°F contact temperature and 600 psia 
pressure are given by Manning and Wood (1991), based on the Parrish et al. (1988) equilib- 
rium data. Three of the latter charts are reproduced as Figures 11-29,11-30, and 11-31. 

A clear picture of gas and liquid composition changes on the trays of an absorber can be 
gained from Figure 11-32, which represents a McCabe-Thiele type tray diagram for a typical 
natural gas dehydration plant. This type of diagram is particularly useful for unusual or diffi- 
cult dehydration cases where a large number of trays or a close approach to equilibrium may 
be required. For a given dehydration problem, the diagram can be used to estimate the 
required number of trays, solution rate, or solution concentration. Several combinations, 
which will give the desired dehydration, can be worked out and the most economical selected. 

One Equilibrium Stage, W O O F ,  600 p ia  
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Figure 11-29. Predicted dew-point depression for TEG at 100°F and 600 pia, one 
equilibrium stage. (Manning and Wood, 7997)  
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Figure 1 1 -30. Predicted dew-point depression for TEG at 100°F and 600 pia,  1.5 
equilibrium stages. (Manning and Wood, 1991) 

For the case shown in Figure 11-32, it is assumed that a natural gas stream is saturated 
with water at 500 psia and W°F and that it is desired to dehydrate this gas to a water content 
of 10 1blMMscf (dew point 28°F). With triethylene glycol a concentration of 98.5% can 
readily be attained with simple atmospheric pressure regeneration. The dew-point chart, Fig- 
ure 11-15, shows an equilibrium dew point of about 15°F for this glycol concentration, 
equivalent to a 13°F approach at the top of the column. 

Assuming that 4 gal glycoylb of water absorbed are circulated, the solution will be diluted 
from 98.5 to about 95.9%. These two liquid compositions in combination with the inlet- and 
outlet-gas compositions (as estimated from Figure 11-1 or 11-3) are used to establish an 
operating line on the diagram. The equilibrium line is obtained by converting dew-point data 
from Figure 11-15 to water content of the gas for the specific temperature and pressure con- 
sidered. To simplify the analysis, it is assumed that temperature is constant over the length of 
the column. 

With the operating and equilibrium lines drawn on the chart as indicated, it can be seen that 
about 1.5 theoretical stages are required. Assuming an individual Murphree tray efficiency of 
406, the number of actual trays can be estimated by using vertical steps on the tray diagram 
that extend 40% of the distance from the operating line to the equilibrium line at each tray 
point. The use of this procedure indicates that at least six actual trays should be used. The 
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Figure 11 -31. Predicted dew-point depression for TEG at 100°F and 600 psia, 2.5 
equilibrium stages. (Manning and Wood, 1991) 

same result is obtained by assuming an overall column efficiency of 25%, a value that is com- 
monly recommended for bubble-cap columns in glycol dehydrator service. A slightly higher 
overall efficiency (i.e., 33%) is usually used in the design of valve tray columns. 

Examination of Figure 11-32 will reveal that the glycol solution can be permitted to 
become much more dilute in passing through the column without approaching equilibrium 
with the gas at any point (i.e., a liquid rate less than 4 gaVlb water can be used). However, 
the use of a lower liquid rate will require more trays. The optimum design must, therefore, 
take into account the cost of additional column height vs. costs associated with a higher liq- 
uid flow rate. 

In the foregoing analysis, it is assumed that the temperature is constant through the 
absorption column. For a more exact evaluation, heat effects must be considered. It is good 
practice to design the system with the glycol feed at a slightly higher temperature than the 
inlet gas (typically about 10" to 20°F hotter). Also, an amount of heat is liberated in the 
absorber equal to the heat of condensation of the water absorbed plus the heat of solution of 
this water in the glycol. In general, the gas stream has a considerably higher total heat capac- 
ity than the liquid stream, so that the liquid leaving the bottom of the absorber will be at 
approximately the temperature of the entering gas. The exit gas temperature can therefore be 
estimated by a heat balance around the column. In the case of high-pressure gas absorption, 
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Figure 11-32. Tray diagram for absorber design; high-pressure natural gas dehydration 
with Methylene glycol solution. 

the net effect is usually a small increase in gas temperature on passing through the column 
( lo  or 2"F), and this is normally of little significance. 

The heat of water absorption is of importance in low-pressure gas dehydration and air 
dehumidification. In such applications, it is common practice to use cooling coils in the 
absorption zone to remove heat which is liberated. In units used for air conditioning dehu- 
midification, the cooling coils may also serve as packing in the air-glycol contact zone as 
illustrated in Figure 11-13. 

The diameter of tray columns can be calculated by conventional column sizing techniques 
(see Chapter 1); however, a conservative gas velocity should be used because of the tenden- 
cy of glycol solutions to foam under some conditions. Swerdloff (1957) presented a nomo- 
graph for calculating the constant in the Souders-Brown correlation (equation 11-2) which 
takes into account the tray spacing and the acceptable glycol loss. For the typical case of a 
24-in. tray spacing and an acceptable glycol loss of 1 lb/MMscf, the correlation gives a value 
for the factor K of 0.11. More recent practice is to use an efficient mist eliminator above the 
tray section and much higher K values. Manning and Wood (1991) suggest a K value of 
0,167 for equation 11-1 when applied to bubble-cap columns. The API Specification for Gly- 
col-Type Gas Dehydration Units (1990) specifies a K factor of 0.16 for 2441. tray spacing 
and 0.12 for Win. spacing. Kean et al. (1991) claim that a K factor of 0.18 is typically used 
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for bubble-cap contactors, and in many applications the columns have been pushed to a K 
factor as high as 0.22. 

Charts for estimating the required internal diameter of natural gas dehydration columns 
using triethylene glycol and equipped with valve-type trays have been presented by Camer- 
inelli (1970). One of these charts, for the case of 24-in. tray spacing, is reproduced in Figure 
11-33. The chart is based on a constant gas inlet temperature of 120°F; however, for pres- 
sures up to the maximum shown, 1,200 psia, gas temperature was found to have very little 
effect. The column size obtained from the chart is based on a design gas capacity of about 
70% of flooding. 

Structured Packing. The design of dehydration columns packed with high-efficiency 
structured packing is discussed by Kean et al. (1991). They tested 11 commercial structured 
packings and found their HETP values to range from 3.7 to 5.5 ft per theoretical stage at a 
gas flow factor, F,, of 3 and a liquid flow rate of 0.3 gpm/ft2. These results can be compared 
with bubble-cap trays which, at 2 ft spacing and 25% overall tray efficiency, require about 8 
ft of column height per theoretical stage. 

The Kean et al. study showed that a design point of F, = 3 is reasonable for the more effi- 
cient structured packings. For applications not requiring very high efficiency (e.g., product 
gas water content of 7 lb/MMscf), higher capacity packings can be used with design rates up 
to F, = 3.5. The F, factor, which is commonly used in the design of structural packing instal- 
lations. is defined as 

F, = V, bo.' (11-3) 
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Figure 11-33. Chart for estimating the internal diameter of triethylene glycol absorption 
columns equipped with valve-type trays. Data of Camerinelli (7970) 
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Where: V, = Superficial gas velocity, ft/s 
& = Gas density, lblft3 

An F, factor of 3 equates to a K factor of about 0.36 in the Souders-Brown correlation (equa- 
tion 11-2), which is about twice that normally recommended for tray columns. 

Two special requirements for the effective use of structured packing are efficient mist 
eliminators and uniform liquid distribution. Kean et al. (1991) recommend a vane type elimi- 
nator with a 3- to 4-in. mesh pad face to minimize carry-over. A simple wire-mesh mist 
eliminator is not considered adequate at the high gas velocities employed with structured 
packing. They also recommend that a high-efficiency drip-type distributor be used with typi- 
cal matrix dimensions of 4 in. by 4 in. and the peripheral drip points located no more than 2 
in. from the wall. The distributor must be installed as close as possible to the packing to 
ensure good distribution and minimize carry-over. 

Cocurrent Contactom. With cocurrent absorption, the product gas approaches equilibrium 
with the rich solution rather than with the lean solution as in countercurrent operations. As a 
result, the process is more sensitive to liquid flow rate (which determines the rich solution 
composition) and is not generally applicable when extremely low dew points are required. 
However, this type of contactor is capable of a closer approach to equilibrium than is possi- 
ble on the top tray of a countercurrent unit, and it is much smaller than a conventional tray or 
packed column. 

The design of cocurrent contactors employing in-line mixing elements is normally han- 
dled by the equipment supplier. Figure 11-34, from Baker and Rogers (1989), depicts dew- 
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Figure 11 -34. Calculated dew-point depression vs. circulation rate for triethylene gly- 
col solutions in a cocurrent contactor; basis 98% appmch to equilibrium. From Baker 
and Rogem (1989) 
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point depressions attainable with a Koch Engineering Co. cocurrent SMV contactor designed 
to achieve a 98% approach to equilibrium. This chart can be used for any contact tempera- 
ture and pressure because, as previously discussed, the dew-point depression for a given sys- 
tem is relatively independent of these factors. Pressure drops are said to range from 3 to 5 psi 
when the unit is used in a vertical downflow configuration. 

Pyles and Radex (1989) describe a program conducted by Sun Exploration and Production 
Co. to evaluate the Koch cocurrent contactor for possible application to glycol dehydration 
units on offshore platforms or at other sites where its small size and other characteristics 
make it an attractive alternative to a conventional column. For the test application, a 6-in.- 
diameter contactor less than 3 ft long was designed to handle 10 to 50 MMscfd of 1,OOO psig 
natural gas with an inlet moisture content of over 20 lb water/MMscf and an outlet moisture 
content below the pipeline specification of 7 lb wateriMMscf. The results confirmed the 
design; the outlet gas and rich glycol were very close to equilibrium over a wide range of gas 
flow rates. With a lean TEG concentration of 98.6% and a gas outlet temperature of about 
100"F, the product gas moisture content was consistently below 7 lb water/MMscf. 

Flash Tank 

Most glycol dehydration plants employ a flash tank to remove hydrocarbons from the rich 
glycol. The amount of hydrocarbons present depends primarily upon absorber conditions 
(pressure and temperature), feed gas composition, and whether or not a glycol-powered 
pump is used. The solubility of a typical natural gas in TEG and DEG is shown in Figure 
11-27. A commonly used value for natural gas solubility in TEG is 1 scflgal at 1,OOO psig 
and 100°F (Manning and Wood, 1991).  A higher quantity is absorbed if the gas contains 
appreciable amounts of heavy hydrocarbons, particularly aromatics. 

When a glycol-powered pump is used, the separator serves to remove the off-gas from the 
pump, which typically amounts to 3 scflgal with 500 psig absorption and 6 scflgal with 
1,000 psig absorption (Sivalls, 1976). According to Ballard (1986). the separator usually 
works best in the temperature range of 140°F to 160°F. He recommends at least an 8 minute 
retention time for a two-phase separator and 10 to 45 minutes for a three-phase separator. 
The three-phase type is required if liquid hydrocarbons are present in the rich solution. Man- 
ning and Wood suggest a 10 minute retention time for a two-phase separator and 20 minutes 
(at 150°F) for a three-phase unit to provide ample time for breaking any oil-glycol emulsion. 
The API Specification for Glycol-Type Gas Dehydration Units (1990) recommends 5 min- 
utes retention time for two-phase separaton and 10 to 30 minutes for three-phase units. The 
GPSA Engineering Databook (1987) states that only a 3 to 5 minute retention time in the 
flash drum is required for degassing. 

When high-pressure gas streams containing very high concentrations of C& are dehydrat- 
ed, a simple flash tank may not be adequate for removing dissolved gas due to the high solu- 
bility of C02 in glycols at high C02 partial pressure. It is desirable to remove dissolved CO2 
from the solution entering the regeneration system to minimize corrosion in the still and 
reboiler, reduce the heat load, and limit vapor traffic in the still. This problem has bccn stu& 
ied by Glaves et al. (1983) who developed the design for a plant to dehydrate 550 MMscfd of 
1,080-psia gas containing 71.7% C02. The Original design was reevaluated on the basis of 
more recently published test data (Takahashi and Kobayashi, 1982) (Figure 11-28). It was 
concluded that an intermediate pressure stripper was needed to remove CQ from the rich gly- 
col before it enters the regeneration column. Calculations based on the new data showed that 
operation of the intermediate pressure stripping column at 450 psia with 1.5 MMscfd of strip 
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ping gas (containing 19% CO,) would result in a reduction of COz from 1.60 Ib COz per Ib of 
glycol in the liquid leaving the absorber to 0.29 lMb in the liquid leaving the intermediate 
stripper. Although greatly reduced by this stripper, the amount of CO, in the glycol feed to the 
regenerator in this case would still be greater than the amount of water, significantly increas- 
ing the size of the regeneration column requid. One positive aspect of the dissolved C@ is 
its action as a stripping vapor to assist in removing water from the glycol. 

RegeneWon System Design 

The regeneration of diethylene or triethylene glycol generally requires only the simple dis- 
tillation of a binary mixture, the two components of which have widely differing boiling 
points and do not form azeotropes. About the only difficulty in this otherwise straightfor- 
ward engineering-design problem is that excessive decomposition may occur if the tempera- 
ture reaches too high a level. Conservative operating temperatures are about 325°F for DEG 
and 375°F for TEG; however, satisfactory operation has been observed with appreciably 
higher reboiler temperatures. TEG reboilers are reported to operate successfully with a gly- 
col outlet temperature of 400°F. To overcome the temperature limitation when very concen- 
trated solutions are required, the distillation process may be modified by the use of vacuum, 
and inert stripping gas, or a liquid hydrocarbon azeotrope former. 

Stripping Cohmn. Because of the wide difference in boiling points, the separation of water 
from diethylene or triethylene glycol requires very few equilibrium stages. The number of 
stages for a specific case can readily be estimated by means of a McCabe-Thiele diagram as 
described by Townsend (1985). Such an analysis usually shows that the separation can be 
accomplished with two or three theoretical trays, one of which is the reboiler. The stripping 
column height is more commonly established on the basis of practical considerations, and 
since the vapor and liquid quantities are normally small, sizing can be quite generous. 

For relatively small plants, the regenerator column is frequently installed directly on top of 
the reboiler and packed with 1 or Win. ceramic saddles or stainless steel Pall rings. A mini- 
mum packing height of 4 ft is used for small columns and up to 15 ft for larger units. For 
very large plants where a regenerator column diameter of 24 in. or more is required, bubble- 
cap columns are commonly used. The number of actual trays used in commercial columns 
ranges from 10 to 20 with the solution inlet located somewhat below the midpoint. The 
apparent large excess of trays is used to minimize the loss of glycol with the overhead vapor. 
Because of the very low liquid loading on trays above the feed point, care should be taken 
that the trays are well sealed and weep holes are sufficiently small to prevent draining during 
operation. 

Reflux to the top of the regenerator column may be supplied by a number of alternate sys- 
tems. The simplest is to install an uninmlated or finned section at the top of the column to 
provide cooling and condense a portion of the water vapor, which then flows back down as 
reflux. This system is used on a large number of small dehydrators, but is difficult to control 
under adverse weather conditions. A tubular water- or glycol-cooled condenser may be used 
either on top of the tower for gravity return of reflux or in a separate vessel. In the latter case 
a reflux pump must be provided. The use of rich glycol as coolant, as illustrated in Figure 
11-8, has the advantage of recovering heat which would otherwise be lost. 

The use of a water- or glycol-cooled condenser provides good control, but for many small 
plants some first-cost savings can be realized by utilizing steam condensate or fresh water as 
reflux. The water is introduced directly to the top plate of the column. The principal problems 
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with this arrangement are the possible introduction of salts if process water is used, and the 
need for accurate flow control because of the small quantities of reflux required. Typically, the 
amount of reflux is one-fourth to one-third the amount of water evaporated from the glycol. 

The diameter of the stripping column is determined on the basis of the largest cross-sec- 
tional area required to handle gas and liquid flows at any point in the column. This is nor- 
mally at the bottom of the column immediately above the reboiler. The vapor load consists 
of the water and glycol vapors from the reboiler plus any hydrocarbons which may be de- 
sorbed from the glycol or added as stripping vapor. The liquid load consists of the glycol 
stream plus reflux water. 

ReboiZer. With regenerators employing kettle-type reboilers equilibrium can be assumed to 
be attained in the reboiler. The temperature-pressure-composition relationships can be 
obtained from Figures 11-18 and 11-19. The vapor-pressure values given on these charts 
represent the total pressure of water and glycol, which is equal to the total reboiler pressure 
if no inert stripping gas is added. In the latter case, the partial pressure of the added inert gas 
must be subtracted from the total reboiler pressure to give the solution vapor-pressure to be 
used in reading the charts. 

The maximum recommended temperature shown on Figure 11-19 is considered to be quite 
conservative and can be increased to 400'F by very careful design of the reboiler system to 
limit retention time and metal wall temperatures. According to Figure 11-21, a 400°F reboiler 
temperature will result in a glycol concentration of about 98.5%. In practice, concentrations as 
high a 99.1% are frequently obtained due to the stripping effect of dissolved hydrocarbons 
and, in some cases, operation of the system at elevations above sea level. 

The reboiler heat load for conventional systems can be estimated roughly by use of the 
following equation proposed by Sivalls (1976): 

Q = 2,OOOL 

Where: Q = Total heat duty of the reboiler in Btu/hr 
L = Glycol flow rate in g a l h  

(11-4) 

The above equation assumes typical values for the following items: 

Sensible heat required to raise the glycol temperature 
Heat of vaporization of water from glycol solution 
Heat required to revaporize the reflux 

9 Heat losses from reboiler and stripping column 

A more accurate determination of reboiler heat load requires that each of these items be 
calculated for the specific plant conditions. Pearce and Sivalls (1993) suggest that Item 4 can 
be estimated by the following equation: 

Q4 = 0.24 (A)(TF - TA) (1 1-5) 

Where: Q4 = Heat loss from reboiler and column, Btulhr 
A = Total exposed surface area of reboiler and column, ft2 

TF = Temperature of fluid in vessel, "F 
T, = Minimum ambient air temperature, O F  

0.24 = Approximate heat loss from large insulated surfaces, Btu/hr ft2 OF 
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Heat for the regeneration step is normally provided by direct combustion of natural gas in 
tubes in the reboiler or by steam. Hot oil and waste heat sources have also been proposed. 
The use of exhaust gases from engines driving gas compressors has been described by 
Carmichael(l964). In his example, the exhaust gases leave the engine at an average temper- 
ature of 1,260"F. They lose about 60°F enroute to the glycol regenerator and leave that unit 
at a temperature between 400" and 450'F. The advantages compared to a direct-fired reboil- 
er burning part of the natural gas are claimed to be lower cost, reduced maintenance because 
of lower temperatures in the heater tubes, and improved safety as a result of eliminating the 
open-flame system. 

When steam is used as the source of reboiler heat, it is often necessary to reduce the steam 
pressure upstream of the reboiler steam coil to limit the metal wall temperature and thereby 
minimize thermal degradation of the glycol. If the tube wall temperature is limited to 430"F, 
as suggested by the API Specification (1990) for fire-tube designs, a maximum steam-side 
temperature on the order of 460°F (450 psig steam) is indicated. For fire-tube reboilers the 
API Specification gives a normal range for heat flux of 6,000 to 10,000 Btu/hr ftz. Manning 
and Wood (1991) recommend that the heat flux be limited to 6,000 Btu/hr ft2 when the 
reboiler temperature is 400°F and up to 8,000 Btu/hr ft2 when the reboiler temperature is set 
at 360°F. 

Enhanced Stripping Systems. Stripping can be enhanced without exceeding the decom- 
position temperature of the glycol by any mechanism that lowers the partial pressure (or 
fugacity) of water vapor in the gas phase over the glycol solution. Three approaches have 
been developed gas injection, azeotrope formation, and vacuum stripping. The "COLDFIN- 
G E R  system apparently reduces the partial pressure of water vapor in the gas phase of a 
separate stripping chamber, thereby increasing the concentration of TEG in the solution that 
is in the chamber. 

The use of stripping gas is a simple and effective technique for improving performance of 
glycol regenemtion systems and is the most frequently used stripping enhancement method. 
Originally the gas was injected directly into the reboiler, which increased the maximum TEG 
concentration attainable with 400°F operation from 99.1% to about 99.6%. The process was 
improved by Stahl (1963), who proposed using a short packed column in the downcomer 
between the reboiler and the surge tank for countercurrent contact of the injected gas with 
hot semi-lean glycol from the reboiler. Since very little additional water is vaporized from 
the glycol in the stripping gas column, a small amount of inert gas is able to cause a signifi- 
cant reduction in the gas phase water vapor partial pressure. 

The effect of stripping gas quantity on the predicted regenerated glycol concentration is 
shown in Figure 11-35 (Parrish et al., 1986). The chart is based on the assumption that the 
reconcentrator located above the reboiler is equivalent to two theoretical stages. The chart 
also shows the relative efficiency of injecting the gas directly into the reboiler vs. injecting it 
at the bottom of a countercurrent stripping gas column located below the reboiler (see Fig- 
ure 11-8). Figure 11-35 also shows the effect of varying the number of equilibrium stages in 
the stripping gas column. Typically, the stripping gas column is a 2- to 4-ft-long packed sec- 
tion in the downcomer between the reboiler and surge tank, containing ceramic saddles or 
Pall rings. Structured packing has been used in some installations to provide a maximum 
number of theoretical trays in the limited vertical space available. If the packed section is 
equivalent to two theoretical plates, and a typical stripping gas rate of 2 scf/gal TEG is used, 
a glycol concentration of about 99.85% is predicted. 
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Sldpping 68S,  SCFIQAL. TEG 

Figure 11-35. Effect of stripping gas on triethylene glycol concentration attainable, as 
a function of the number of equilibrium stages in the column below the reboiler. 
(Parish et a/., 1986) 

Vacuum stripping can be accomplished with a stripping column-reboiler combination that 
is essentially identical to one used for atmospheric pressure operation, but operates at a 
reduced pressure. The only significant difference is the requirement to totally condense the 
overhead vapor stream and to provide a vacuum pump to remove noncondensible gases. Fig- 
ure~ 11-26 and 11-27 provide vapor-liquid composition diagrams for DEG and TEG with 
water at various subatmospheric pressures. These can be used to construct McCabe-Thiele 
type diagrams for determining the number of plates required to perfom the required separa- 
tion at selected subatmospheric pressures. 

The vacuum regeneration system offered by BS&B Engineering Company (see Figure 
11-10) limits the vacuum system to a second stage of regeneration. Most of the water con- 
tained in the rich glycol is removed in a conventional atmospheric pressure still-reboiler 
combination. The semi-lean glycol from the reboiler, at a concentration of about 998, is 
flashed into a vacuum drum, with the addition of heat to compensate for the latent heat of 
vaporization. This arrangement avoids the requirement to design the still and reboiler for 
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vacuum conditions and greatly reduces the amount of vapor generated under vacuum condi- 
tions. The BS&B process is said to produce glycol concentrated to as high as 99.9% (BS&B 
Engineering Company, Inc., 1994). 

The Drizo process, which is licensed by OPC Engineering Company, uses a liquid hydro- 
carbon azeotrope former instead of an inert gas to enhance stripping. The regeneration sys- 
tem configuration is similar to that of a gas stripping system in that the semi-lean solution 
from the reboiler is further concentrated by contact with gaseous hydrocarbon in a counter- 
current column. It differs in that the gaseous hydrocarbon is a liquid at ambient temperature 
and is condensed and recycled. This is accomplished by condensing the total vapor stream 
from the main stripping column and processing the condensate in a three-phase separator. 
The gas phase is vented, the water phase is discarded, and the liquid hydrocarbon phase is 
recycled through a heater and superheater to the lean-glycol shipper. The heat requirement 
of a Drizo process reboiler is greater than that of a conventional shipping column-reboiler 
system by the amount of heat needed to vaporize the hydrocarbon: about 1,000 Btdgal of 
hydrocarbon based on iso-octane. 

Dehydration Plant Operation 
Operating Data 

Operating data for six typical glycol dehydration plants are presented in Table 11-5. The 
plants cover a wide range of conditions and dew-point depressions from 40" to 132°F. Plant 
D operates with vacuum r e g e n d o n  and produces a 77°F dew-point depression. Polderman 
(1957) presents data on another plant with vacuum regeneration of DEG solution (at 175 mm 
Hg) which dehydrates natural gas and produces a dew-point depression of 85" to 100°F. This 
plant uses an 8-tray absorber and a glycol circulation rate of 5 gaylb of water removed. 
Plants E and F of Table 114 are unusual in that they dehydrate pure carbon dioxide. In Plant 
E the regenerator uses a stripping gas to attain 99.0% concentration of TEG, while in Plant F 
the same glycol concentration is attained using a liquid hydrocarbon azeotrope former (Drizo 
process). The absorber of Plant F operates very close to the critical point for carbon dioxide, 
which is the reason for the indicated high loss of glycol. Both of the COz dehydration plants 
in the table produce a gas containing about 10 lb waterMh4scf. However, since this water 
concentration represents a lower dew point for carbon dioxide than it would for natural gas 
at the same pressure, the plants show an unusually high dew-point depression. 

The reboiler temperatures of plants listed in Table 11-5 are well below the recommended 
maximums; however, higher temperatures are often used. Worley (1967) reported that up to 
10 years experience with several hundred TEG units utilizing a reboiler temperature of 
400°F has failed to indicate any evidence of measurable losses by degradation. Dew-point 
depressions in excess of 100°F are reported for these units. A dew point of -95°F is reported 
by Smith and Skiff (1990) for a plant employing only 1.5 gal TEGflb water removed. This 
represents a dew-point depression of at least 150°F (assuming a minimum contact tempera- 
ture of 55°F). and was attained by using the Drizo process to regenerate the TEG to 99.999% 
concentration (10 ppm H20). 

Glycol Loss 

Glycol loss constitutes one of the most important operating problems of dehydration units. 
Most of this loss occurs as carry-over of solution with the product gas, although a small 
amount of glycol is lost by vaporization into the gas stream. An additional small amount is 
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Table 11-5 
Glycol Dehydration Plant Operating Data 

Plant Variables 
Plant 

A B C D E F 

Gas rate, MMscfdday 
Absorber pressure, psig 
Type of gas 
Solution rate, gpm 
Glycol used 
Lean Sol. Conc., % Glycol 
Rich Sol. Conc., % Glycol 
Absorber: 

Diameter, in 
Height 

No. of trays 
Regenerator: 

Diameter, in 
Height 
No. of trays 
Feed tray 

Reboiler: 
Temp., OF 
Pressure, psia 

Temp. of feed gas, "F 
Temp of product gas, O F  
Dew point of product gas, OF 
Dew-point depression?, OF 
Glycol loss. lb/MMscf 

50* 
1 ,Ooo 
Nat. 
5-10 
DEG 
95 
90 

50 
33 ft 7 in. 

4 

26 
29 ft 10 in. 

20 
15 

(from top) 

- 
Atm. 
78 

+38 
40 

- 

- 

60 10.8 73.5 14.7 16.5 
750 385 720 590 1,080 
Nat. Nat. Nat. C02 C02 

6 2.27 15.6 9.7 6.0 
DEG TEG DEG TEG TEG 

95 98.25 97.8 99.0 99.0 
90 96.95 96.5 97.9 95.5 

36 36 

4 4 7 10 8 
28ft 12ft6in. 

18 12% 
35 ft 6f t  6 in. 
15 Rings 
- Rings 

310 352 290 388 375 
20 Atm. 7.4 Atm. Atm. 

60-68 55 84 100 102 
86 

+10,+15 -4 +9 -10 -30 
- - 

50,53 59 17 110 132 
- - 0.28 23 

~~ ~~ ~ 

*Rate to each of three absorbers. 
?Depression based on feed-gas temperature if product-gas temperature not given. 
Data sources: Plant A, Hull (1945) and Senatoroff(I945): Plant B, Love (1942); Plant C, Peahl 
(1950); Plant D, Polderman (1957); Plants E and F, Zubrik and Frmier (1984) 

always lost through mechanical leakage, and some may be lost with the vapors leaving the 
regenerator. By careful plant operation, total glycol losses can be maintained below 0.5 
lb/MMscf of gas treated; however, a loss of 1 1blMMscf is sometimes considered acceptable. 

Since the major glycol loss is by entrainment, any design or operating action which reduces 
this item can result in a considerable improvement in plant economics. Neal et al. (1989) 
describe a case in which loss from a TEG contactor was reduced from about 9 1WMMscf to 
about 0.009 lb/MMscf by replacing a standard &in.-thick mesh pad made of 0.01 l-in.-diame 
ter 304 stainless steel wire with a density of 9 lb/ft3 by a 6-in.-thick pad containing fine multi- 
filament dacron thread knitted in with the wire and incorporating a draining feature. 

The major causes of glycol losses experienced with 1,200 package-type skid-mounted gly- 
col units operated in the San Juan Basin were reported to be (1) overloading of the glycol 
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absorber when shut-in wells were placed on line and (2) operational failure of inlet separator 
dump valves. An improvement developed for these units to minimize inlet separator mal- 
functioning was the use of pipe coils inside the separator for the circulation of hot glycol. 
This prevented freezing of water collected in the separator during cold weather and helped to 
break the heavy viscous oil emulsions produced in some wells (Fowler, 1957). 

Excessive entrainment can usually be traced to foaming in the contactor. It has been found 
that foaming can result from contamination of the glycol with hydrocarbons, finely divided 
solids, or salt water brought in with the feed gas. It is important, therefore, that the incoming 
gas be passed through an efficient separator before it contacts the glycol and that the circu- 
lating stream of glycol be maintained in a clean condition. When foaming dots occur, it can 
usually be brought under control by the addition of a foam inhibitor. Several proprietary 
brands are on the market. The use of trioctyl phosphate has been described (Swerdloff, 1957). 
In this case the inhibitor, used in a concentration of 500 ppm, reduced the loss from as high 
as 15 lb glycoVMMscf to less than 0.5 1bMMscf. Pearce and Sivalls (1993) report that a sili- 
cone-type antifoam agent is usually successful in the 25-150 ppm range. 

Corrosion can be a serious problem in the operation of glycol dehydration plants. Since 
the pure glycol solutions are themselves essentially non-corrosive to carbon steel, it is gener- 
ally believed that the corrosion is accelerated by the presence of other compounds that may 
come from the oxidation or thermal decomposition of the glycol, or enter the system with the 
gas stream. The rate of corrosion will, of course, be influenced by the temperature of the 
solution, velocity of the fluid, and other factors. In general, the principles that have been 
employed in combating corrosion are. 

The use of corrosion-resistant alloys 
The use of corrosion inhibitors 
The prevention of solution contamination 
The use of process-design modifications to minimize temperatures and velocity 

The principal chemical factors involved in glycol-plant corrosion are believed to be the 
oxidation of glycols to form organic acids and the absorption of acidic compounds, princi- 
pally H2S and C02, from the gas stream. The oxidation of diethylene glycol has been studied 
by Lloyd (1956) with regad to oxidation product and rate-governing factors. He found that 
oxidation of diethylene glycol resulted in the formation of an organic peroxide as an interme- 
diate product and formic acid and formaldehyde in copious quantities. The oxidation rate 
was found to increase with increased oxygen partial-pressure and increased temperature and 
to be accelerated by the presence of acid. 

Lloyd and Taylor (1954) investigated the effect of glycol deterioration products and of vari- 
ous added chemicals on the rate of c m s i o n  by diethylene glycol solutions. The cocrosion 
tests were conducted by heating the glycol solution in a flask, with samples immersed in the 
solution and suspended in the vapor space. The vapor-phase samples, which were wetted with 
condensate, showed by far the most serims corrosion, and conclusions with regard to the cor- 
rosiveness of the various solutions were based on these samples. These conclusions were 
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Glycol solutions which had been made acid, either by auto-oxidation or by the addition of 

Low concentrations of neutral salts did not affect corrosion rates. 
The glycol solutions that were made alkaline showed fairly low corrosion rates. 

acetic acid, were consistently more corrosive than the neutral samples. 

It is postulated that corrosion in this system is caused by the presence of a volatile acid that 
vaporizes and condenses with water on the mild-steel corrosion coupons. Alkaline buffers, 
such as potassium phosphate, combine with the free organic acids and reduce their vapor pres- 
sure to a negligible value. Organic alkaline materials, such as monoethanolamine, may also 
act by vaporizing with the organic acids and neutralizing them when condensation occurs. 

A number of corrosion inhibitors have been successfully applied in commercial plants; 
these include monoethanolamine (Kruger and Mozelli, 1952) and sodium mercaptobenzothi- 
azole (Pearce and Sivalls, 1993). The use of the latter material in a plant that had previously 
encountered very severe corrosion has been described by Swerdloff and Duggan (1955). The 
plant operated on a gas containing 58 grains H*S/100 scf, 54 grains mercaptans/100 scf, 
1.36% C02, and, at times, traces of oxygen. After 2 years of operation, the contactor trays 
were found to be severely corroded, and, after 3 years, the dried-gas line blew out, about 80 
ft downstream from the contactor. When the corrosion was first noticed, the pH of the solu- 
tion was found to range from 4.1 to 5.0. Steps taken to remedy the situation included the 
installation of stainless-steel lining and trays in the contactor, the addition of sodium mercap- 
tobenzothiazole to the glycol, cooling of the gas stream from 100" to 80°F prior to its contact 
with the solution, and installation of a system to decrease entry of oxygen into the gas 
stream. The net result of all of these changes was a very great reduction in the corrosion rate 
of any iron in contact with the glycol, as measured by coupons. The inhibitor was used as a 
45% solution of sodium mercaptobenzothiazole in water and added directly to drums of gly- 
col used as makeup. Concentration in the dehydration solution amounted to about 1%. 

Two additional steps were taken to minimize corrosion downstream of the glycol dehydra- 
tor unit. One was the use of a product-gas scrubber to minimize glycol entrainment in the gas 
stream, and the other was the use of a second inhibitor that was added to the dried-gas 
stream. This material was of the polyethanolrosinamine-type consisting of 70% solution in 
isopropyl alcohol of a mixture of 90% ethoxylated rosinamine (1 1 moles ethylene oxide with 
each mole of rosinamine) and 10% free rosinamine. This inhibitor was injected at the rate of 
0.1 gdday  for a gas volume of 60 MMscf/day. As a result of the above measures, the corro- 
sion rate of coupons suspended in the dried-gas line decreased from almost 30 mildyear to 
as low as 0.2 miYyear during about 4 years of testing. 

Solution Maintenance 

Proper maintenance of the glycol solution is critical for trouble-free operation of the dehy- 
dration process. Chemical analysis of the solution can often prevent or identify the cause of 
operating problems. Analyses are. typically made for water, pH, lower glycols, hydrocarbons, 
foaming tendency, and inorganic salts (particularly chlorides). Methods of conducting analy- 
sis of glycol are described in detail by Grosso et al. (1979). Table 11-6, based on the data of 
Bentley (1991), provides a guide to acceptable ranges for several analysis items. 

Ballard (1986) suggests checking the glycol pH periodically and keeping it in the range of 
7.0 to 7.5 by the addition of borax, ethanolamine (usually triethanolamine), or other alkaline 
chemicals. Too high a pH (e.g., over 8.0-8.5) is undesirable because it can increase the ten- 
dency of the solution to foam and form emulsions with hydrocarbons. Figure 11-36, from 
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Figm 11 -38. Relationship W e e n  diethylene glycol pH and rate of corrosion. From 
pearceandsiv%lls(1993) 

Pearce and Sivalls (1993), graphically illustrates the effect of pH on comsivity of DEG 
solution on carbon steel. 

A technique that is used at many plants to minimize the entry of oxygen into the solution 
is to gas-blanket the glycol storage tank. Since some gas streams contain free oxygen, this 
precaution will not always prevent oxidation of the glycol from occurring. In air dehydra- 
tion, of course, there is no hope of excluding oxygen from the system, and the use of 
inhibitors is desirable. 
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In addition to causing corrosion, contamination of the glycol solution can result in fouling 
of heat-exchanger surfaces and loss in operating efficiency. The solution may become conta- 
minated with oxidation products as previously described, by corrosion products (usually iron 
oxide or iron sulfide), and by solid or liquid particles brought in with the gas stream. Solid 
contaminants are objectionable in that they settle out in tanks, contactor and still trays, heat 
exchangers, and other vessels. They may also be a factor in accelerating corrosion (or ero- 
sion). The use of some means for removing suspended particles is therefore usually justified. 
Filters of the common waste-pack or cartridge-type have proved quite successful and are 
usually located in the line carrying the rich glycol solution from the contactor. Ballard (1977, 
1986) recommends the use of filter elements designed to remove particles over 5 microns in 
size. He also recommends cloth fabric filter elements in favor of paper or fiberglass and sug- 
gests that the solids content in the glycol be held below 0.01 wt% (100 ppm). 

Activated carbon is also employed to remove impurities from glycol solutions. It is partic- 
ularly effective for removing nonfilterable heavy hydrocarbons. The activated carbon bed 
should be located downstream of the rich glycol filter to avoid plugging with solids. Coal- 
based carbons are reportedly more widely used than wood-based. Carbon particle sizes typi- 
cally range from 8 by 30 to 5 by 7 mesh (Ballard, 1988). 

The carryover of carbon particles can also be a problem. Simmons (1981) cites one case in 
which the top two trays of a glycol contactor were found to be plugged with a mixture of 
heavy oils and carbon fines. He recommends the use of a solids filter downstream of the car- 
bon unit to prevent carbon fines from entering the system. According to Pearce and Sivalls 
(1993), activated carbon filters usually operate on a 10% slipstreams and are sized for a gly- 
col flow of 1-5 gpm/ft2 of cross-sectional area. 

The testing and operation of a crossflow-membrane microfiltration system is described by 
Meadows (1989). The system uses a filter module consisting of polypropylene tubes with 0.2 
micron pores. The “dirty” fluid is pumped into the tube side at one end of the module. The 
pressure is greater inside the tubes than in the shell chamber, which causes clean fluid to per- 
meate through the tube walls leaving particles inside the tubes to flow out the opposite end 
as concentrate. The system reduced the solids content of glycol, containing on the order of 
30,000 ppm of solids less than 0.5 microns in size, to an average suspended solids content of 
less than 50 ppm. 

Satt Removal 

Contamination of the glycol with sodium chloride andor calcium chloride is a common 
problem. The best solution is an efficient separator in the gas feed line; however, no separator 
is 100% efficient and some brine contamination is inevitable when brine is present in the feed 
gas stream. Sodium chloride decreases in solubility with increased temperature and therefore 
precipitates out on hot surfaces (e.g., in the fire-tube reboiler). Calcium chloride has the more 
common characteristic of being less soluble at low temperatures than at high temperatures. It, 
therefore, tends to come out of solution in low temperature portions of the system. For exam- 
ple, 95% TEG solution will hold about 4% NaCl at 100°F and less than 2% at 300°F while 
the same glycol solution will hold 1% CaCl, at 100°F and about 35% of this salt at 300°F. 

Salt that deposits on heat exchange surfaces can be removed continuously by the use of 
scraped surface heat exchangers in conjunction with centrifuges to remove scrapings from 
the product liquid. Such a system has been used on a solution that was supersaturated with 
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respect to calcium chloride and also contained some sodium chloride (Pearce and Sivalls, 
1993). The removal of salt (and coke) from fire-tube walls is normally accomplished by 
mechanical means during shutdown. Salt can be removed directly from the glycol solution 
by vacuum distillation in a reclaimer or by ion exchange using a strong acidstrong base ion 
exchange min (Gross0 et al., 1979). 

According to Simmons (1981) there are only four reasons for replacing the glycol in a 
dehydration unit. These are 

1. Inability to maintain proper dew-point depression with the existing glycol charge 
2. Fire-tube failure due to fouling 
3. Foaming that cannot be controlled by an antifoam agent 
4. Excessive corrosion that cannot be controlled by corrosion inhibitors 

The choice between purchasing new glycol or reclaiming the old is purely a matter of eco- 
nomics. Frequently the cost of disposal of waste glycol is an important consideration. If it is 
determined that glycol reclamation is cost effective, a second decision must be made with 
regard to using a commercial reclamation service or procuring equipment for on-site recla- 
mation. Only a very large dehydration plant can justify a permanently installed reclaimer; 
however, a single reclaimer serving several plants or a portable unit may be an attractive 
approach. 

The design and operation of a trailer-mounted vacuum reclaimer which was used to 
process the TEG of a number of dehydration units by the La Vaca Gathering Company, is 
described by Armstrong (1979). The unit was designed to process 0.5 gpm of glycol, but 
actually handled up to 2.0 gpm. The reclaimer operates in a semi-batch mode, Le., feed is 
continuous at 0.5-2.0 gpm until sufficient non-volatile material accumulates in the heater 
vessel to raise the boiling point to 400°F at 28 in. of mercury vacuum. The reclaimer is then 
shut down and cleaned out. 

The reclaimer operates on a slipstream of the glycol dehydration plant, so shutdown of the 
dehydrator is not required while the glycol is being reclaimed. The time required for process- 
ing varies from a few days to three or four weeks, depending on the size of the dehydration 
plant. According to Armstrong, the system has proved outstandingly effective in eliminating 
salt deposition and fire-tube failures. The unit was constructed primarily from surplus equip 
ment; however, he estimated that a new unit would cost on the order of $SO,OOO in 1979. 

Ammatics Absorption 

The glycols used to remove water from high-pressure natural gas streams also absorb a 
small amount of hydrocarbons and are particularly effective in absorbing aromatic hydrocar- 
bons such as benzene, toluene, ethylbenzene, and the xylene isomers (BTEX). Some of the 
absorbed hydrocarbons are flashed off in the flash tank and recycled to the gas stream or 
used as fuel; however, a significant fraction reaches the regeneration system and appears as 
vapor in the stripping column offgas. 

The Clean Air Act Amendments of 1990 regulate the emissions of I89 hazardous (or 
toxic) air pollutants, including BTEX compounds, from major and area sources. A major 
source is defined as a stationary source (or group of sources) that emits more than 10 tons 
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per year of any one pollutant or 25 tons per year total. Many glycol dehydration plants fall 
into this category. All other stationary sources are considered to be area sources. Several 
states already have regulations restricting the emissions of hydrocarbons from dehydration 
units, and widespread imposition of restrictions is expected. 

Although BTEX is of major concern, other potential emissions must also be considered in 
the design and operation of glycol dehydration plants. These include volatile organic com- 
pounds (VOCs), ethylene glycol (one of the 189 listed pollutants), and glycol breakdown 
products. Combustion products from the reboiler fire-tube must also be considered, but these 
can usually be controlled by good burner design and burning low-sulfur fuel. A general dis- 
cussion of emission controls for glycol dehydration equipment is given by Sams (1990). 

The amount of BTEX absorbed in the contactor is a function of its solubility in the glycol 
used, concentration in the feed gas, absorption pressure and temperature, number of theoreti- 
cal trays, and glycol circulation rate. The Henry’s law constant for benzene in TEG at 1,OOO 
psia is plotted in Figure 11-37, which presents values calculated by Fitz and Hubbard (1987) 

Figure 11 -37. Henry’s law constant for benzene in triethylene glycol solutions at 1 ,OOO 
pia. Ftvm F i i  and Hubbard (1987) Reproduced with permission from Oil & Gas 
Journal, Nov. 23, 1987, copyright PennWell Publishing Co. 
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using previously published data on the solubility of benzene in DEG as a basis. The solubili- 
ty of benzene in TEG is estimated to be 69% greater than in DEG at the same conditions. 
The TEG-benzene curves can be adjusted to 500 psia by multiplying by 0.83, and to 1,500 
psia by multiplying by 1.20. 

Fitz and Hubbard (1987) suggest that the amount of benzene absorbed can be estimated by 
the use of a McCabe-Thiele type diagram or the Kremser-Brown equation. They illustrate 
the use of the Kremser-Brown approach for a typical case as follows: 

Pressure, P = 1 ,OOO psia 
Temperature, T = 80°F 
Feed gas benzene content, yWl = 0.1 mole % 
Gas flow rate, V = 10 MMscfd = 26,350 lb moldday 
Glycol concentration (average) = 98 wt % TFiG 
Glycol molecular weight (average) = 130.9 
Glycol flow rate, L = 71 Ib moldday (based on 3 gal 

Flow ratio, LN = 7 1/26,350 = 0.0027 
Equilibrium constant, K = y/x = WP = 0.012 
Absorption factor, A = LNK = 0.0027/0.012 = 0.225 
Number of theoretical trays, N = 3 

TEG per lb water removed) 

The Kremser-Brown equation (equation 1-20) can then be used to calculate yI ,  the mole 
fraction benzene in the outlet gas, by assuming that yo, the mole fraction benzene in equilib- 
rium with the lean glycol, is zero, i.e.,: 

Substituting the given values in equation 11-6 results in a calculated value for y1 of 0.00078, 
which converts to 452 lb benzendday or approximately 22% of the benzene in the feed. 

The amount of benzene absorbed is relatively insensitive to the number of trays since the 
rich solution leaves the column close to equilibrium with the inlet gas. However, it is strong- 
ly affected by the glycol circulation rate, increasing almost linearly with glycol flow rate. 
This suggests that for a given dehydration requirement, benzene absoiption can be mini- 
mized by using a relatively large number of trays and a correspondingly low liquid flow rate. 
Fitz and Hubbard (1987) suggest treating all aromatics as benzene for estimation purposes. 
Since the higher aromatics are normally present in much smaller quantities than benzene, 
this should have a minimal effect on the overall calculation. 

All of the absorbed BTEX does not end up in the regenerator vapor stream; a significant 
fraction may flash off in the flash tank. The magnitude of this fraction depends, of course, on 
the pressure and temperature of the flash operation. For the previous case, flashing at 80°F 
and 30 psia removes almost no benzene; 350°F and 100 psia removes about 23%; and 350°F 
and 30 psia removes about 74%. 

An alert on hydrocarbon emissions from glycol dehydration units issued by The American 
Petroleum Institute, in connection with their Specification for Glycol-Type Gas Dehydration 
Units (1990), contains a mass balance for a 10 Mh4scfd TEG unit operating at 800 psia and 
130°F with a feed gas containing 100 ppm benzene. The study indicates that 10% (3 tons per 
year) of the benzene is absorbed and discharged in the regenerator vapor stream. In this 
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example, with flashing at 100 psia and 185"F, only a trace of the benzene is removed in the 
flash tank. 

The emission of BTEX from the regeneration system of glycol dehydration plants can be 
reduced by several means, including 

1. Minimizing the amount absorbed (e.g., low liquid flow rate) 
2. Maximizing the amount flashed (e.g., low-pressure, high-temperature flash conditions) 
3. Providing a separator or skimmer to remove liquid hydrocarbons from the rich glycol 
4. Completely burning regenerator offgases (e.g., flare or incinerator) 
5. Efficient cooling and condensation of regenerator vapor stream 

Condensation of water and condensible hydrocarbons in the regeneration system offgas is 
a very effective means of preventing the emission of BTEX and VOCs. If no stripping gas is 
used, the offgas can be almost totally condensed and separated into aqueous and hydrocar- 
bon liquid phases. Part of the liquid hydrocarbon can be recycled to the regenerator as in the 
Drizo process, or all of it can be recovered as a marketable product. 

Unfortunately, the aqueous condensate may contain sufficient dissolved BTEX and other 
organics to constitute a disposal problem. To avoid this problem and provide complete 
recovery of BTEX compounds, the Radian Corporation, under contract to GRI, is developing 
a control technology, The R-BTEX process (Rueter et al., 1992). The process, which is 
shown in Figure 11-38, includes the following steps: 

1. Using the hot regenerator offgas in a BTEX stripper to remove organic compounds from 
aqueous condensate, which is produced in the next step 

2. Cooling and condensing the offgas from step 1 by indirect heat exchange with glycol and 
cold water to produce an aqueous phase that is fed to step 1, a noncondensible phase that 
is vented or burned, and a liquid hydrocarbon phase that represents a marketable product 

3. Cooling the stripped water from the BTEX stripper in a small cooling tower where it is 
further stripped and cooled by contact with air 

4. Using the cold water from the cooling tower as final coolant in step 2 

The developers expect the R-BTEX process to be applicable to either new or retrofit applica- 
tions and to achieve greater than 95% recovery of BTEX as a salable liquid. 

INJECTION SYSTEMS 

Process Description 

An operation that is closely related to glycol dehydration, but is aimed more at preventing 
the formation of solid hydrates than at removing water from the gas is the injection of a 
hydrophilic liquid into the gas stream. Several liquids have been used or proposed for injec- 
tion. The principal ones are listed in Table 11-7. The injection process is particularly applic- 
able in conjunction with liquid hydrocarbon recovery by refrigeration and, because of the 
low freezing temperatures of their aqueous solutions, methanol and ethylene glycol are the 
most commonly used hydrate inhibitors. Diethylene and triethylene glycol are used primarily 
to prevent hydrate formation in lines leading to conventional dehydration units using the 
same glycol. 
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TaMe 11-7 
Hydrate Suppression by Inhibitor Injection 

Minimum 
Inhibitor Temperature Remarks 
Methanol -140"F, possibly to Significant vapor loss above 

Ethylene -45°F Lower vapor losses and less solubility 
Glycol in liquid hydrocarbons than methanol. 

Significant vapor losses above 30°F. 
Diethylene - 10°F Useful for warm low-pressure 
and Triethylene systems when EG losses 
glycol are significant or where system also 

includes a DEG or TEG dehydrator. 

-160°F -20°F. 

Glycol lnjecbon 

In the glycol injection process, as illustrated in Figure 11-39, the gas is first passed 
through an inlet separator where liquid water andlor hydrocarbons are removed. Glycol is 
sprayed into the gas after it leaves the inlet separator and before it undergoes any cooling 
that can reduce the temperature below the hydrate point. It is common practice to spray the 
glycol on the tube sheet of the gas-to-gas or gas-to-refrigerant heat exchanger to assure good 
distribution of the glycol into all of the tubes. Tubes that are not wetted with glycol may plug 
with hydrates as the wet gas is cooled. After passing through the heat exchanger, the gas-gly- 
col mixture is further cooled by expansion through a valve or orifice or by mechanical refrig- 
eration. The cooling causes both water and liquid hydrocarbons to condense. The water is 
absorbed into the glycol, while the liquid hydrocarbons form a separate phase. The chilled 
mixture of gas, hydrocarbon liquids, and glycol-water solution flows into the primary separa- 
tor where the liquid and gas phases are separated. The liquid mixture from the primary sepa- 
rator is generally warmed in a fired heater or by heat exchange with the sales gas to reduce 
liquid viscosities. The mixture tends to form emulsions, which are quite stable at low tem- 
perature, but separate more rapidly as the temperature increases. The mixture is then fed to 
the oil-glycol separator, the oil is removed as product, and the glycol is sent to the regenera- 
tor where it is reconcentrated for reuse. 

In cold oil plants operating in the -40°F range, the separation of the glycol-water mixture 
from the hydrocarbon condensate may be accomplished at the low contact temperature. The 
low level refrigeration available from the cold condensate can then be used in the high-pres- 
sure demethanizer column of the hydrocarbon fractionation train. 

Ethylene glycol is generally preferable to diethylene or triethylene glycol for this t y p  of 
operation because it is less soluble in liquid hydrocarbons, and liquid hydrocarbons are less 
soluble in ethylene glycol than in the higher glycols. Ethylene glycol is also more effective 
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on a weight basis for hydrate inhibition, and separates more readily from liquid hydrocar- 
bons because of its lower viscosity. On the other hand, the two higher glycols have lower 
vapor pressure, which results in comparatively lower vaporization losses. To minimize the 
possibility of solid-phase formation in the glycol solution, compositions near the eutectic 
(i.e., 60 to 80 wt% glycol in water) are commonly employed, compared to 95% or higher 
concentrations used in more conventional dehydrator designs. The dilute aqueous solutions 
have the further advantage of low solubility in liquid hydrocarbons. 

In glycol injection systems, the glycol provides some dehydration, but its primary function 
is to act as an “antifreeze” agent in suppressing the formation of solid hydrates. The high 
degree of dehydration attained in the case illustrated in Figure 11-39 may be attributed more 
to the cooling that occurs than to the effect of the glycol solution. Many different flow 
schemes are used for glycol injection systems. In its simplest form, the process is very simi- 
lar to conventional glycol dehydration with a section of the gas line serving as the gas-liquid 
contactor. Details of the design and operation of glycol injection systems are given by 
Arnold and Pearce (1961,1966); Robirds and Martin (1962); and Sheilan (1991). 

Methanol Injection 

For temperatures lower than about -40”F, glycol injection is impractical because of the 
high viscosity of glycol solutions at such low temperatures. Methanol’s low viscosity and 
other favorable characteristics make it the fluid of choice for hydrate inhibition in very low 

Figure 11 -39. Flow diagram of process emldoykrg glycol injection and cooling to 
dehydrate natural gas. Based on data of Sullivan (1952) 
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temperature applications such as turboexpander gas refrigeration plants for LPG recovery. 
This application of the methanol injection process is described by Herrin and Armstrong 
(1972); Nelson and Wolfe (1981); and Nielsen and Bucklin (1983). A typical flow diagram 
as given by Nielsen and Bucklin is reproduced in Figure 11-40, 

After passing through a &-water knockout separator, the gas is cooled in a gas-to-gas 
heat exchanger in which methanol is sprayed on the tubesheets to inhibit the formation of 
solid hydrates. A methanol-water solution condenses in the heat exchanger and subsequent 
chiller and is removed from the gas stream in the separator. The aqueous solution is flashed 
to remove dissolved gas, filtered, and distilled to recover methanol. A significant amount of 
methanol dissolves in the liquid hydrocarbon product and is recovered by washing either the 
total hydrocarbon stream or the propane fraction with water from the methanol still. 

Nielsen and Bucklin compared the cost of a methanol injection plant for 600 psig natural 
gas to costs of solid-bed dehydration. They concluded that the methanol injection plant 
would have lower capital and operating costs than an activated alumina system for low water 
content gas (4 1blMMscf) and a lower capital cost, but about the same operating cost as a 
molecular sieve system for high water content feed gas (23 IbiMMscf). 

FEED 
GAS 

WATER 
KNOCKOUT 

, 

Figwe 11 -40. Flow diagram of typical mettranol injection and recovely system. From 
Nielsen and Bucklin (1983) 
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Injection Process Design Data 
Figures 11-41 through 114 provide data applicable to the design of ethylene glycol and 

methanol injection systems. Figure 11-41 shows the water vapor dew point for gas in equilib 
rium with ethylene glycol solutions. A phase diagram for the water-methanol system is given 
in Figure 11-42, and the density of water-methanol solutions is given in Figure 11-43. A 
method for predicting hydrate formation temperatures in the presence of ethylene glycol or 
methanol solutions has been developed by Maddox et al. (1991) and is described in the Injec- 
tion Process Design section that follows. This method requires activity coefficients for water 
in ethylene glycol and methanol solutions. These are given in Figures 11-44 and 11-45. 

Injection Process Design 
The design of glycol and methanol injection systems is determined to a large extent by the 

overall gas handling system which establishes the gas quantities, pressures, temperatures, 
and compositions at the injection and separation points. The minimum quantity of inhibitor 
required can be determined by a material balance between the water removed from the gas 
and the amount that can be absorbed by the inhibitor within its hydrate prevention range. 

The first step in the design of an injection system is determining the minimum inhibitor 
concentration required to prevent hydrate formation. Hammerschmidt (1934) developed an 
equation based on experimental data for methanol that has been widely used for both 
methanol and glycol, but is applicable only at low inhibitor concentrations (below about 20% 
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Rgwe 11-41, Wafer vapor dew point over aqueous ethylene glycol solutions. Data of 
Arnold and Pearce (1M) 
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Fiiure 11 -42. Water-methanol system phase diagram. From Nielsen and &&/in (1983) 

by weight). Nielsen and Bucklin (1983) describe a modified Hammerschmidt approach 
applicable to methanol injection systems using more concentrated solutions and operating at 
lower temperatures. This technique indicates, for example, that 90% methanol provides a 
hydrate depression of 233.5"F (the maximum possible with methanol). However, the tech- 
nique is not recommended for temperatures below -160°F. 

Maddox et al. (1991) propose a technique for calculating the hydrate temperature of natural 
gas streams in the presence of hydrate inhibitors that gives results in excellent agreement with 
experimental data over a wide range of temperatures and concentrations. The experimental 
data available for comparison include temperatures from ambient to -100"F, methanol con- 
centrations from 20 to 85%, and ethylene glycol concentrations from 20 to 50%. 

The Maddox et al. procedure is based on equations describing the thermodynamics of 
hydrate formation and applies to either methanol or ethylene glycol. A hand calculation ver- 
sion of the technique includes several simplifying assumptions, but appears to give results that 
are comparable to the computer version and much closer to experimental data than the previ- 
ously proposed calculation methods. The hand calculation model for hydrate formation is 

ln(x,a,) = (-2,063)(11T - llTo) (11-7) 

Where: x, = mole fraction water in solution 
a, = activity coefficient of water in solution 
T =hydrate temperature in presence of inhibitor, OR 

To =hydrate temperature in absence of inhibitor, OR 
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Figure 11 -43. Density of methanol-water solutions. From Nielsen and Bucklin (1983) 
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Figure 11 -44. Activity coefflcierrt of water in ethylene glycol solutions. Data of Maddox 
eta/. (1991) 

The activity coefficient for water as detemhed by experimental inhibitor hydrate tempera- 
tures is plotted in Figures 11-44 and 1145 for glycol and methanol respectively. The equation 
and the curves are used in a trial and error calculation to estimate the hydrate temperature. 

As an example, consider the case of 20% by weight methanol in 0.6 specific gravity gas at 
a pressure of 2,000 psia. From Figure 11-1, To is 69°F (529"R). From Figure 11-45, the 
activity coefficient, a,,,, is 0.963 for 20% methanol (0.1232 mole fraction) at 69°F. Substitut- 
ing in the equation 11-7: 

In (0.8768 x 0.963) = -2063(1/T - 1/529) 

T = 507"R = 47°F 

Repeating the process using 47°F as the assumed value of To does not significantly change 
the result. Therefore, the hydrate temperature of natural gas in contact with 20% methanol is 
47°F. The procedure can be used to estimate the required final inhibitor concentrations. This, 
coupled with a mass balance, gives the amount and concentration of inhibitor to be injected. 

In the design of ethylene glycol injection systems, it is good practice to use about twice the 
theoretical minimum glycol circulation rate to allow for imperfect distribution of glycol in the 
heat exchanger tubes. Bucklin (1993) recommends the use of 80% ethylene glycol as feed 
with dilution to about 75% on an overall basis for systems operating in the -40°F range. The 
refrigerant-side tube wall temperatme is normally limited to about -50°F due to materials lim- 
itations. The glycol solution is quite viscous at the cold end (in the 500 cp range): however, 



20 40 60 80 100 
1 .I 

5 .w g 1.0 
c 

CI 
0 

C 
Q) 
0 
.- 

0 

> 
3 0.9 

2 
.- 
.- .w 

0.8 

Figure 11 -45. Activity coefficient of water in methanol solutions. Data of Maddox eta/. 
(1991) 

heat transfer is not significantly affected by the presence of the viscous glycol. Robirds and 
Martin (1962) recommend somewhat more dilute solutions of ethylene glycol, i.e., a practical 
design target of 60% glycol returning to the regenerator, and regeneration back to about 70%. 
Herrin (1990) points out that the most important consideration is the concentration of glycol 
in the rich solution not in the injected feed solution. He cites a case in which excessive 
amounts of hydrocarbon were lost from the glycol flash tank (operating at -20°F) due to poor 
hydrocarbon-glycol separation. The problem was solved by reducing the glycol concentration 
in the feed sufficiently to cause the rich glycol concentration to drop from about 85% to 69% 
with a corresponding drop in viscosity from 220 cp to 90 cp. With methanol it is common 
practice to set the concentration of methanol leaving the primary separator at 90%. as this 
gives the maximum hydrate-point depression (Nielsen and Bucklin, 1983). 

The required rate of inhibitor injection is equal to the sum of (1) inhibitor in the water 
condensate, (2) inhibitor in the liquid hydrocarbon condensate, and (3) inhibitor vapor in the 
gas phase. In the methanol injection plant described by Nelson and Wolfe (1981), more than 
half the injected methanol and essentially all of the water contained in the inlet gas are 
recovered in the aqueous phase of the high-pressure separator. This liquid is fed to a 30-tray 
distillation column, where 99% pure methanol is recovered overhead. 

Precise data on the equilibrium distribution of ethylene glycol and methanol between 
aqueous solutions and liquid hydrocarbons are not available. Nieisen and Bucklin (1983) 
present a compilation of several sources of data for methanol and suggest using the most 
conservative data set, which can be represented by a line with the approximate equation: 
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Temperature, 
"F 

logS=-4,140fl'+ 10.81 (11-8) 

Methanol Loss in Gas Phase, 
Ib methanol loss/(MMscf) (mole fraction 

methanol in the aqueous phase) 

Where: S = methanol solubility in liquid hydrocarbon, mole/100 moles 
T = absolute temperature, OR 

-40 
-70 

-100 
-140 

They further suggest adding a 20% safety margin to the calculated solubility. Thus for a 
temperature of -lOO°F, equation 11-8 indicates a solubility of 0.2 moles methanoYlOO moles 
hydrocarbon, and a value of 0.24 would be used to calculate the amount of methanol in the 
hydrocarbon liquids. This methanol is reclaimed by water washing the appropriate cut during 
distillation of the hydrocarbons. 

The amount of methanol in the natural gas product stream is normally quite small relative 
to the other two phases, particularly at very low contact temperatures (lower than -100°F). 
Nielsen and Bucklin (1983) present a series of charts for estimating methanol loss in the 
vapor phase as a function of solution concentration, pressure, and temperature. Typical 
points from these charts are given in Table 11-8. 

Inhibitor losses due to solubility in the liquid hydrocarbon phase and vaporization into the 
gas stream are generally less significant with ethylene glycol than with methanol. Arnold and 
Pearce (1966) suggest using a value of 0.01% by weight for the solubility of glycol from a 
typical injection solution (7045% concentration) into a typical liquid hydrocarbon (specific 
gravity 4.5 lb/gal). Vaporization losses for ethylene glycol may be estimated by use of Fig- 
ure 11-23 with the assumption that Raoult's law holds for the concentrations employed. 

ULRSia  4QIBk 600Dsia 
16.0 11.4 11.3 
2.9 2.1 3.1 
0.57 0.53 0.83 
0.03 1 0.045 >0.05 

DEHYDRATION WITH SAUNE BRINES 
The use of calcium chloride brine for water absorption is quite old. However, for most 

applications, it is gradually being replaced by the glycols and by more efficient salts, such as 
lithium bromide and lithium chloride. The lithium salts are used to a growing extent in air 
conditioning installations for dehumidification. 

Table 11-8 
Loss of Methanol in Natural Gas 
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Calcium Chloride for Gas Dehydration 

The equilibrium dew point of gases in contact with aqueous solutions of calcium chloride 
is shown in Figure 11-46, which is based on the data of Brockschmidt (1942). This author 
presents a comparison of operating data for a plant using a 35% calcium chloride solution 
and essentially the same unit employing a 95% solution of diethylene glycol. In order to per- 
mit glycol to be used in the plant, it was necessary to replace the calcium chloride-solution 
reboiler with a 13-plate regeneration column and to add heat exchangers and solution pre- 
heater. The comparison shows that the glycol gave a dew-point depression averaging about 
45°F as compared with a dew-point depression averaging only 19°F for the calcium chloride 
solution. During comparison periods of about 7 months’ operation with each liquid, the gly- 
col was found to have removed about twice the quantity of water as the calcium chloride 
solution. In view of such poor performance, coupled with operating problems and corrosion, 
it is no wonder that conventional dehydration units utilizing calcium chloride solutions have 
been almost entirely replaced by glycol systems for natu@-gas dehydration. 

More recently, however, a novel application of calcium chloride to natural-gas dehydra- 
tion has been introduced and a number of small units installed. A schematic diagram of this 

B 15 20 25 30 35 40 45 
CALCIUM CHLORIDE CONCENTRATION. WT. PER CENT 

Figure 11 -46. Equilibrium dew point of gases in contact with calcium chloride 
solutions. Data of Brockschmidt (1942) 
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type of dehydration unit is shown in Figure 11-47, which is based on a description by 
Fowler (1957). The unit contains a bed of %- to %-in. calcium chloride pellets and five spe- 
cially designed brine-circulating trays. Gas enters the bottom of the column, passes up 
through the brine trays where it contacts progressively more concentrated calcium chloride 
solutions, then continues upward through the bed itself, where additional water is absorbed 
on the surface of the pellets, forming concentrated brine which drips down onto the trays 
continuously. The design of the trays is such that the gas aspirates liquid upward to provide 
circulation and thereby maintains sufficient liquid on each tray without the need for a pump. 
The concentrated calcium chloride brine dripping from the bed of pellets has a specific grav- 
ity of 1.40, and this is reduced to approximately 1.15 to 1.20 by the time it reaches the bot- 
tom of the column. This brine is considered expendable and is dumped into a pit along with 
any free water produced by the well. The units are recharged with calcium chloride pellets 
periodically, bringing the calcium chloride bed to a depth of 8 ft. As the chemical is used up, 
the bed settles; however, the efficiency of the unit is not appreciably reduced as long as the 
level is above 24 in. It is reported that units of this type can give a dew point of as low as 7°F 
with a bed-depth as low as 2 ft and a gas temperature of 127°F. Up to 3.5 lb H20flb CaCI2 
can be absorbed in units equipped with trays vs. 1.1 lb H20/lb CaC12 for units which use 
only dry CaC12 for dehydration (GPSA Engineering Data Book, 1987). 

Since the frequency of recharging and the cost of chemicals is proportional to the water 
content of the gas, it is desirable that the water content of feed gas be maintained as low as 
possible by operating at a temperature close to that of the hydrate freezing point. A plot of 

GAS OUTLEl t -GAS OUTLET 

BRINE OUTLET 

FEED GAS - 
Figure 11-47. Schematic diagram of natural gas dehydration unit employing calcium 
chloride pellets. Data of Fowler (1957) 
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chemical costs, recharging days, and chemical consumption vs. the flowing temperature of 
the gas, assuming 500 Ib pressure, is presented in Ngore 1148. The principal operating dif- 
ficulties of this unit have been caused by the freezing of brine on the trays. 

The results of field tests on 250 units over an 18-month period have been summarized by 
Fowler (1%). Calcium chloride has also been proposed for hydrate prevention in natural- 
gas gathering lines. In this application an aqueous solution is injected near the well head and 
collected at the downstream point after gas cooling has occurred. In tests reported in Russian 
literature (Andryushchenko and Vasilchenko, 1%3), the process was found to be very effec- 
tive. However, purging of the solutions with natural gas prior to injection was found neces- 
sary to reduce their corrosive action. 
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Lithium Halides for Air Dehydration 
Data on the two lithium salts which are useful for air dehydration are presented in Table 

11-9 and Figures 11-49 and 11-50. As shown in the figures, lithium bromide is considerably 
more soluble in water, and the saturated solutions of this salt have a lower vapor pressure 
than lithium chloride solutions at the same temperature and thus can provide a greater degree 
of dehydration. For most operations, however, the degree of dehydration provided by lithium 

3 3  
0 0  

FLOWlNG TEMPERATURE O F  SATURATED GAS AT 500 B I G  

Figure 11-48. E M  of gas temperature on operation of calcium chloride pellet 
dehydration unit. Data of Fowler (19571 
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Table11-9 
Properties of Uthium Salts Used for Dehydration 

P r O P e d Y  Lithium Chloride Lithium Bromide 
Formula 
Molecular weight 
Melting point, "C 

Solubility in water, g/lOOg 

pH of 1% Sol 
Heat of fusion, CaYmole 

LiCl 
42.40 
614 

63.7 at 0°C 
130.0 at 95°C 

6.4 
4 

LiBr 
86.86 
547 

145 at 4°C 
254 at 90°C 

6.8 
5 

Physical-property data from Chemical and Physical Properties of Lithium Compounds, publication 
of the Foote Minerals Company, Philadelphia, PA (1956) 
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Figure 11 -49. Vapor pressure of saturated solutions of lithium chloride and bromide. 
Data of Foote Minerals Company (1956) 

chloride is adequate and, because of its somewhat lower cost, it is, therefore, the preferred 
compound. Dehydration units designed to employ lithium-halide solutions are essentially the 
same as those which use triethylene glycol. The principal difference between the halide solu- 
tions used for dehydration and the glycols is that the active component in the halide solution 
has essentially zero vapor pressure, and, therefore, no rectification section is necessary in the 
regenerator. 

The dew-point depression theoretically attainable with three lithium chloride solutions is 
presented in Figure 11-51, which is plotted on a psychrometric chart to illustrate the applica- 
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Figure 11 -50. Solubility of lithium chloride and lithium bromide in water. Data of Foote 
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Figurn 11 -51. Equilibrium water content of air in contact with lithium chloride 
solutions. Data of Gitrord (1957) 
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tion of the data to air conditioning problems. The solution of a typical air conditioning dehu- 
midification problem is shown in Figure 11-52 as presented by Gifford (1957). In this prob- 
lem, it is assumed that air is available at 95°F. 75'F wet bulb (99 grains water per pound dry 
air), and it is desired to detennine the degree of dehydration attainable with 44% lithium 
chloride solution. Two cases are considered. In Case A, it is assumed that the absorbent solu- 
tion can be cooled to 80°F by the available cooling medium. In Case B, it is assumed that a 
solution temperature of 60°F can be maintained. Further assumptions are that dilution effects 
are negligible and that, in both cases, the equipment design is such that a 90% approach to 
equilibrium can be attained. By moving 90% of the distance along the line from the point 
representing the inlet-air condition to the point on the solution equilibrium curve correspond- 
ing to the solution temperature, it is seen that, for Case A, the air temperature can be reduced 
to 81°F (dry bulb) and 56%'F wet bulb. This corresponds to a 35°F dew point or a water con- 

Figure 11-52. Solution of typical air conditioning dehydration problem employing 
lithium chloride solution. Data of Gifford (1957) 
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tent of 30 graindlb dry air. In Case B, with a 60°F solution, the air can be dried and cooled 
to 64°F dry bulb and 46X"F wet bulb, corresponding to a 24°F dew point or a water content 
of 19 graindb dry air. 

Absorption and heat-transfer data for the dehumidification of air with lithium chloride 
solutions in a short column packed with 2-in. clay raschig rings (stacked) are given in Figure 
11-53 as presented by Bichowsky and Kelley (1935). The data arc based on commercial-type 
work and are believed to be dependable within about 5%. Solution concentrations are not 
given; however, the authors report that., in the range of concentrations generally used, the 
coefficients are not found to be sharp functions of the concentration. Data for one of the 
experiments on which the curves of Figure 11-53 are based are given in Table 11-10. 

The absence of a concentration effect was also observed by Tohata et al. (1964A. B) for 
wetted wall and perforated plate columns. In the wetted wall column study, lithium chlo- 
ride solutions in the range of 18.7 to 28.4% were employed. The results showed the gas- 
phase resistance to be controlling. Very high-stage efficiencies (up to 90%) were observed 
in the perforated plate column study, also indicative of a gas-phase resistance controlled 
absorption. 

AIR VELOCITY -FT PER MlN 

Figure 11 -53. Effect of air velocity on heat transfer and absorption coefficients for air 
dehumidification with lithium chloride solutions. Cdumn is equipped with a rotating 
distributor and 2-in. clay raschig-ring packing. Packed height 1.33 ft, cross-sectional 
area 2.4 sq ft, packing surface area 27 sq ft/cu ft. Dafa of S ichoay  and Ke//ey (1935) 
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Table 11-10 
Sample Data for Expe&mt Using UCI Brine and Absorber Packed with 

Raschig Rings 

Variable Numerid Value 

Air rate, cu Wmin. 
Tower cross section, sq ft 
Packing height, ft 
Packing surface, sq Wcu ft 
LiCl solution rate, gpm 
LiCl solution, specific gravity 
Temperatures, OF: 

Solution in 
Solution out 
Air in, dry bulb 
Air in, wet bulb 
Air out, dry bulb 
Air out, wet bulb 
Pressures, mm Hg: 
Partial pressure of water in inlet air 
Partial pressure of water in outlet air 
Vapor pressure of inlet brine 
Vapor pressure of outlet brine 

Absorption coefficient K, lb/(hr) (sq ft) (mm Hg) 
Heat transfer coefficient h, Btu/(hr) (sq ft) (OF) 

655 
2.4 
1.33 
21 

2.75 
1.20 

70 
78.2 
82.8 
66.0 
79.0 
61.2 

11.4 
8.6 
5.4 
7.4 

0.0224 
4.6 

Source: Bichowsky and Kelley, 1935 

Figure 11-54 is a photograph of a commercial Kathabar air-dehydration unit manufac- 
tured by the Kathabar Systems Division of Somerset Technologies, Inc. The Kathene solu- 
tion used in this unit is a solution of lithium chloride with appropriate additives. Kathabar 
humidity control systems are offered by the Kathabar Systems Division of Somerset Tech- 
nologies, Inc. 

A flow diagram of a duplex air-dehydration installation utilizing a 44 to 45% aqueous 
solution of lithium chloride is shown in Figure 11-55. This particular unit is installed in a 
penicillin-processing plant. Its job is to remove 30 gal/hr of water from 3,500 cfm of air, 
reducing the water content to 9 graindlb so the humidity level in the plant can be maintained 
at 16 grainsilb to prevent moisture from damaging the hygroscopic penicillin (Anon., 1951). 
As shown in the diagram, outside air is drawn through unit A; this is cooled by circulating 
water at 85"F, and its moisture content is reduced from 122 grains to about 36 graindlb. This 
partially dehydrated fresh air is combined with 2,850 cfm of recirculated air, and the mixture 
is passed through the second dehydration unit, which utilizes Freon at 38°F as coolant. In 
t h s  unit the moisture content is reduced to 9 grainsflb. In both absorbers, the principal con- 
tact surface is the outside of fin-type heat exchangers through which the coolant is circulat- 
ed. About 90% of the lithium chloride solution from the basin is recycled in the absorbers, 
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Figure 11 -54. Commercial lithium chloride air-dehydration unit (Kathabar system). 
Courtesy of Kathabar Systems Division, Somerset Technologies, Inc. 

and the remainder is bypassed to a regenerator. The regenerator is heated by low-pressure 
steam to about 230"F, which is well below the boiling point of the solution. Regeneration is 
accomplished at this temperature by the use of air as stripping vapor to sweep evaporated 
water out of the regenerator. The regenerated solution then flows to the sump of the first 
absorber; here it is cooled by dilution and the sensible heat is ultimately removed by the cir- 
culating water in the cooling coil. 

The use of lithium chloride as a liquid desiccant in a heating, ventilating, and air condi- 
tioning system for a large office building is described by Meckler (1979). The system is 
unique in its integration of energy producing and using systems to minimize utility energy 
costs. The lithium chloride (Kathabar) system is required only during the summer for air 
dehumidification. When it is in use, the latent heat of absorption is rejected to a cooling 
tower via water coils in the contactor. A regenerator concentrates the lithium chloride solu- 
tion by contacting it with exhaust air from the building. Heat for regeneration is supplied by 
a hot water circuit at 150"-200"F, which extracts waste heat from the jacket and exhaust of a 
diesel engine and also obtains heat, when available, from a flat-plate solar collector. 

Although they are appreciably less corrosive than calcium chloride solution, lithium chlo- 
ride and bromide brines are somewhat corrosive, particularly in the presence of impurities 
(especially copper) and it is desirable to utilize inhibitors. One such inhibitor is lithium chro- 
mate, which is particularly useful in these solutions as it does not introduce a foreign cation. 

An incidental benefit obtained with lithium chloride units is the appreciable degree of ster- 
ilization of the air treated. Research at the University of Toledo on lithium chloride solutions 
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Figure 11 -55. Flow arrangement and design specifications for air-dehumidification 
plant employing lithium chloride solution. (Anon., 1951) 

reportedly indicated 97% removal of air-borne microorganisms from the air processed (Gif- 
ford, 1957). This feature is of particular importance in the evaluation of air conditioning sys- 
tems for hospitals and food-processing plants. 
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The unit operation of adsorption is of increasing importance in gas purification and forms 
the basis for commercial processes that remove water vapor, organic solvents, odors, and 
other vapor-phase impurities from gas streams. In adsorption, materials are concentrated on 
the surface of a solid as a result of forces existing at this surface. Since the quantity of mater- 
ial adsorbed is directly related to the area of surface available for adsorption, commercial 
adsorbents are generally materials that have been prepared to have a very large surface area 
per unit weight. For gas purification, the adsorbent particles may be irregular granules or 
preformed shapes, such as tablets or spheres, and the gas to be purified is passed through a 
bed of the material. The gas-phase impurity is selectively concentrated on the internal sur- 
faces of the adsorbent while the purified gas passes through the bed. 

The nature of the forces that hold certain molecules at the solid surface is not thoroughly 
understood and numemus theories have been proposed to explain the phenomenon. The most 
familiar theory is that of Langmuir (1916, 1918) who proposed that the forces acting in 
adsorption are similar in nature to those involved in chemical combination. Sites of residual 
valency are assumed to exist on the surface of solid crystals. When an adsorbable molecule 
from the gaseous phase strikes a suitable unoccupied site, the molecule will remain instead of 
rebounding into the gas. As in the evaporation of liquids, the adsorbed molecule may leave 
the surface when suitably activated; however, other molecules will continually adhere. When 
adsorption is first started, a large number of active sites exist, and the number of molecules 
adhering exceeds the number of those leaving the surface. As the surface becomes covered, 
the probability of a molecule in the gas finding an unoccupied space is decreased, until finally 
the rate of condensation equals the rate of evaporation, which represents the condition of equi- 
librium. In accordance with the Langmuir theory, the adsorbed material is held onto the sur- 
face in a layer only one molecule deep, although it is recognized that these adsorbed mole- 
cules may have their force fields shifted in such a manner that they can attract a second layer 
of molecules, which could have some attraction for a third layer, and so on. The adsorption 
mechanism postulated by Langmuir would require that the equilibrium quantity of a com- 
pound adsorbed from a gas increase with increased gas pressure, but at a constantly decreas- 
ing rate. Equilibrium isotherms of this shape are referred to as Langmuir isotherms. 
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The forces holding adsorbed molecules to the surface may be quite weak, resembling 
those that cause molecules to coalesce and form the liquid phase, or so strong that the 
adsorbed material cannot be removed without a chemical change taking place. The weaker- 
physical or van der Waals-forces are apparently responsible for most adsorption phenome- 
M; this explains why, in general, compounds that have low vapor pressures are adsorbed in 
greater quantity than relatively noncondensable gases. The chemical type of adsorption, 
which has been given the name “chemisorption,” is of less importance in industrial adsorp- 
tion processes. An example of chemisorption is the adsorption of oxygen on charcoal at tem- 
peratures above 0°C. When an attempt is made to desorb the oxygen by elevating the tem- 
perature, it is released as an oxide of carbon. 

When a vapor- (or liquid-) phase component concentrates on a solid by adhering to the solid 
surfaces, even though the surfaces may consist of the interior of submicroscopic pores, the phe- 
nomenon is known as “adsorption.” If, on the other hand, penetration of the solid or semisolid 
structure occuls and produces a solid solution or a chemical compound, the phenomenon is 
termed “absorption.” The general term “sorption” has been proposed to cover both cases. 

Although adsorption can be practiced with many solid compositions, the great majority of 
gas-purification and dehydration adsorbents are based on some form of silica, alumina 
(including bauxite), carbon, or certain silicates, the so-called molecular sieves. The silica and 
alumina-base adsorbents are primarily used for dehydration, while activated carbon has the 
specific ability of adsorbing organic vapors and is very important for this purpose. The mole- 
cular sieves have very unusual properties with regard to both dehydration and the selective 
adsorption of other compounds. 

Whether the process involves the removal of water vapor or of some other gas-phase 
impurity, the basic concepts involved in the design of the installation are similar. The gas 
must be passed through a bed of the adsorbent material at a velocity consistent with pressure 
drop and other requirements and under conditions that will allow the required material trans- 
fer to occur. The bed will eventually become loaded with the impurity and must then either 
be discarded, removed for reclaiming, or regenerated in place. 

When regeneration is practiced, it is normally accomplished by increasing the tempera- 
ture, reducing the total pressure, reducing the partial pressure with a stripping gas, displacing 
the adsorbate with a more strongly adsorbed species, or by using a combination of these 
operations. Most adsorption systems use fixed beds; however, processes have also been 
developed which use moving or fluidized bed concepts. 

This chapter is intended as a practical guide to selecting, designing, and operating adsorp- 
tion systems for the removal of vapor-phase impurities from gas streams. It does not cover 
the theoretical aspects of adsorption processes that are aimed more at separation than purifi- 
cation, or liquid phase processes. Comprehensive coverage of the general field of adsorption 
is available in books by Yang (1987), Wankat (1986), Ruthven (1984), and Liapis (1987). 
Yang’s book is of particular interest because it is limited to the processing of gases and cov- 
ers both the theory of adsorption and the modeling of adsorption cycles. The Liapis book is a 
collection of papers presented at a conference on adsorption fundamentals. It provides a 
good review of ongoing research, but little in the way of practical design information. Useful 
summaries of adsorption principles and general design techniques are presented in chapters 
on the subject in two handbooks on separation processes (Keller et al., 1987; Kovach, 1988). 

Adsorption Cycles 

Regenerative adsorption processes are normally based on the use of one or more of the 
following basic cycles: 
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Temperature Swing Adsorption (TSA) Cycle 

This is the cycle commonly used for gas dehydration and the removal of organic impuri- 
ties with activated carbon. The gas to be purified is passed through a bed of the adsorbent at 
a relatively low temperature until the bed is essentially saturated with the impurity at this 
temperature. The bed temperature is then raised, and more gas is passed through the bed 
until equilibrium is attained at the higher temperature. The difference between the loading at 
the low temperature and that at the high temperature represents the net removal capacity, 
sometimes called the “delta loading.” 

TSA cycles require a considerable amount of heat to raise the temperature of the adsorbent 
and vessel as well as to supply the heat of adsorption. The heating and cooling cycle is time 
consuming, typically over an hour. As a result, the TSA processes are used primarily for the 
removal of small concentrations of impurities from gases. Frequently, an inert gas purge is 
used in combination with increased temperature to assure complete regeneration. 

Inert Purge Adsorption Cycle 

In this cycle, the gas to be purified is passed through the bed until the adsorbent is essen- 
tially saturated with the adsorbate at its partial pressure in the feed. A nonadsorbing gas con- 
taining very little or none of the impurity is then passed through the bed, reducing the partial 
pressure of adsorbate in the gas phase so that desorption occurs. 

The heat of adsorption causes the temperature of the gas and adsorbent to rise during the 
adsorption phase and decrease during desorption. Since the increase in temperature limits the 
amount of material that can be captured in the bed during the adsorption step, the process is, 
in general, limited to low concentration changes in the adsorbent bed. However, since bed 
heat-up and bed cool-down are not required, very short cycle times can be employed, typi- 
cally a few minutes. The simple inert gas purge cycle is used primarily for separating hydro- 
carbons, not for gas purification. 

Displacement Purge Cycle 

In this process, regeneration is effected by the use of a purge gas (desorbent) that is more 
strongly adsorbed than the component removed during the adsorption step. Typically the 
heat of adsorption of the desorbent is approximately the same as that of the original adsor- 
bate. As a result, the process operates in an essentially isothermal manner and relatively 
large net loadings can be realized. Like the inert purge adsorption cycle, the process can be 
operated with short cycle times, on the order of a few minutes, and is more commonly used 
for separating hydrocarbons than purifying gases. A problem with displacement surge sys- 
tems is the need to separate the desorbent from both the product and purge streams. 

The use of active carbon beds to adsorb organic vapors with steam regeneration is primari- 
ly a TSA cycle; however, desorption is aided by the displacement of organic compounds by 
water. The adsorbed water then serves to limit temperature rise in the bed during the next 
organic vapor adsorption step. 

Pressure Swing Adsorption (PSA) Cycle 

The PSA concept is the most rapidly developing adsorption cycle. According to Yang 
(1987), the original idea for a PSA cycle was disclosed by Guerin de Montgareuil and Domine 
in France in 1957, and in a somewhat different form by Skarstrom in the U.S. in 1958. 



1026 Gas Purification 

The PSA cycle makes use of the simple fact that the partial pressure of adsorbate in the 
gas phase can be reduced by lowering the total pressure. Pressure reduction can thus be used 
to regenerate adsorbent that has been loaded with adsorbate at an elevated pressure. Since it 
is not necessary to heat or cool the bed between or during the adsorption and desorption 
steps, very rapid cycling is possible. The process is now widely used for hydrogen purifica- 
tion, air separation, hydrocarbon separation, and air drying, and new applications are under 
development. 

General Design Concepts 
Design data and procedures that have been developed for gas dehydration with solid des- 

iccants, organic vapor removal with activated carbon, and other important adsorption appli- 
cations are presented in later sections of this chapter under the specific application. Design 
concepts that are applicable to solid adsorption systems in general follow. 

Mass Transfer Zone (m 
Adsorption in a typical fixed-bed system can be visualized by reference to Figure 12-1, 

which is a plot of X, the concentration of adsorbate on the adsorbent, versus L, the length of 

a b e 

C 

0 Le1 Lsl Lbl Lc Ls Lb 
+MTZ----I t-LUB-i 

Bed length 

X, = bed loading in equilibrium with fced gas 
Xr = residual bed loading prior to adsorption step 
t i  = atimeduringthcadsorpuonstep 

= Ihctinletobreakthrough 
ts = the stoichiometric time 
41 = length of bed in equilibrium with fccd gas at t i  
LI = length of bed to stoichiometric front at t i  
L,t,l = length of bed to breakthrough gas concentration at t i  
4 = length of bed in equilibrium with feed gas at b 
L, = length of bed to stoichiometric front at b (= LES) 
Lb = totallengthofbed 
MTZ = mass transfer zone 
LUB = lengthofunusedbed 

Figure 12-1. Schematic diagram showing adsorbate loading of bed as a function of bed 
length at various times in the adsorption cycle. 
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bed from the gas inlet. At the start of the cycle, the adsorbate concentration in the bed is X,, 
representing the residual concentration after regeneration. At an intermediate time into the 
cycle, t,, the bed nearest to the gas inlet is in equilibrium with the feed gas and has an adsor- 
bate concentration, &. In front of this equilibrium section of the bed, from Le, to Lbl, a tran- 
sition zone exists where the bed loading varies in an S-shaped curve from the equilibrium 
concentration to the residual concentration. Since mass transfer of adsorbate from the gas 
phase to the adsorbent is actively occurring in this zone, it is commonly called the mass 
transfer zone or MTZ. 

Length of MTZ 

The length of the MTZ is determined by the rate of mass transfer of adsorbate from the gas 
phase to its ultimate location on solid surfaces within the pores of the adsorbent. When the 
mass transfer rate is extremely high, the MTZ reduces to a plane, commonly called the “stoi- 
chiometric front,” which is located on the chart at Is1 at time, t,. The location of the stoi- 
chiometric front at any time can be readily calculated by a simple material balance equating 
the amount of adsorbate removed from the gas in the given time with the amount picked up 
by the adsorbent in a bed of length, L, when its loading goes from X, to &. Although the 
mass transfer rate is seldom high enough in real systems to make the MTZ coincident with the 
stoichiometric front, the location of the hypothetical plane representing the front is a very use- 
ful concept in some shortcut design procedures. 

The overall rate of mass transfer of adsorbate in the bed is affected by external transport 
from the bulk of the gas to the external surfaces of the adsorbent particles, axial dispersion 
and backmixing in the gas phase, and internal transport within the pores. External transport 
can be correlated by equations similar to those used for mass transfer in packed absorption 
columns, such as the Ram-Marshall (1952) equation: 

Sh = 2.0 + 0.6 Scl” Rein (12-1) 

where Sh, Sc, and Re refer to the Sherwood, Schmidt and Reynolds numbers, respectively. 

revised version of the equation: 
Wakao and Funazkri (1978) reanalyzed available test data and proposed the following 

Sh = 2.0 + 1.1 Sc1I3 Reo.6 ( 12-2) 

The new equation includes the effects of axial dispersion. It is applicable at low Reynolds 
numbers (down to about 3) where equation 12-1 cannot be used. At high Reynolds numbers 
(over about loo), the two equations give similar results. 

The estimation of internal mass transfer is very complex. The subject is covered in depth 
by Yang (1987), who points out that it involves four mechanisms: gaseous diffusion, convec- 
tive flow due to diffusion, surface flow on the pore wall, and viscous flow. 

In comparing external versus internal mass and heat transfer, Yang (1987) concludes that 
the major resistance is within the pores for mass transfer and in the gas film for heat transfer. 
However, the heat transfer rate is not normally used in absorber designs; the gas is simply 
assumed to be at the same temperature as the particles with which it is in contact. 

Because of the complexity of fundamental approaches for predicting the length of the 
MTZ, it is common practice to estimate it on the basis of operating or test data with similar 
systems, use simple empirical correlations developed for specific applications, or neglect it 
entirely in determining the required bed length. 
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The following factors are listed by Kovach (1988) as affecting the length and rate of 
movement of the MTZ: 

1. Type of adsorbent 
2. Particle size 
3. Bed depth (or length) 
4. Gas velocity 
5. Temperature 
6. Concentration of adsorbate in the gas 
7. Concentration of other gas components 
8. ptessure 
9. Required removal efficiency 

10. Possible decomposition or polymerization of contaminants on the adsorbent 

The adsorbent type, particle size, and gas velocity are the principal factors. Gas velocity 
has a strong effect on both the length and rate of movement of the MTZ. Its rate of move- 
ment is directly proportional to the carrier gas velocity. The MTZ decreases with particle 
size; therefore, it is advantageous to use particles that are as small as possible, consistent 
with pressure drop limitations. The pressure drop limitations also affect bed depth, which 
should generally be as large as possible since the fraction of the bed loaded to the equilibri- 
um capacity increases with increased bed depth. 

Length of Unused Bed (lm) 
As the MTZ moves through the bed, the concentration of adsorbate in the outlet gas even- 

tually rises to an arbitrarily set “breakthrough concentration, typically the minimum 
detectable or the maximum allowable adsorbate concentration. The time required for this to 
occur is called the “breakthrough time,” which is indicated by curve “g” on Figure 12-1. 
The overall bed loading at this time is designated by the area “abcd” under the loading curve 
and represents the maximum useful bed capacity. Since the curve “bc” is symmetrical, the 
maximum useful bed capacity can also be represented by the rectangle “aefd” where the line 
“ef’ lies on the stoichiometric front. The bed length “L,” is called the length of equivalent 
equilibrium section (LES). The remaining bed area ‘’egcf” represents the unused bed capaci- 
ty, and the length of bed from the stoichiometric front “LC to the end of the bed ‘‘L; at 
brealrthrough is called the length of unused bed (LUB). As shown on the chart, LUB is equal 
to one-half the length of the MTZ. 

The total length of bed required to adsorb a given amount of material can be estimated by 
simple addition of LES, calculated from equilibrium loading data, and LUB, estimated on 
the basis of available correlations or test data. Weight units can, of course, be used instead of 
length units in a calculation of this type; however, length is convenient in that it leads direct- 
ly to the vessel size required. 

The key test data required for the estimation of LUB are the time required for break- 
through, &, and the time required for the stoichiometric front to reach the end of the bed, &. 
in a system in which a stable mass transfer zone has developed. The equation for calculating 
LUB as given by Keller et al. (1987) is 

LUB (1 - t&)Lb (12-3) 
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Where: LUB = length of unused bed 
tb =time to breakthrough 
t, = stoichiometric time 

= total length of bed 

Thermal Effects 

The adsorption process is always exothermic, and, as would be expected, adsorption 
capacity decreases with increased temperature. These effects cause more of a problem in 
separations where a large fraction of the feed gas may be adsorbed than in gas purification 
where, generally, only a small amount of the feed gas is adsorbed. 

In gas dehydration the effect of heat of adsorption is primarily a function of operating pres- 
sure (assuming that the feed gas is saturated with water). With high-pressure gas (over about 
500 psig), the temperature increase during the adsorption step is only about 2” to 4°F and can 
usually be neglected. With low-pressure gas (or air), the large amount of water associated 
with each pound of gas causes a significant temperature rise that must be considered in the 
design. The details of dehydrator design are discussed in a subsequent section of this chapter. 

During adsorption most of the heat is generated in the MTZ. When the heat capacity of the 
gas stream is high relative to that of the bed, the gas will carry the heat forward ahead of the 
MTZ. This effect can be quantified by use of a “crossover ratio,” R, defined by the following 
equation (Keller et al. 1987): 

( 12-4) 

Where: C,, = gas heat capacity, Btdmole OF 
C,, = solid heat capacity, B t d b  O F  

Xi = adsorbent loading at inlet, m o l d b  
X, = residual adsorbent loading, moleAb 
Yi = molar ratio of adsorbate to carrier gas at gas inlet, moldmole 
Yo = molar ratio of adsorbate to carrier gas at gas outlet, moldmole 

When R is much greater than 1, the heat evolved is carried away in the gas, and the system 
operates in an essentially isothermal manner. When R is less than 1, the heat front lags 
behind the MTZ, and the temperature of the equilibrium section is increased causing a 
decrease in equilibrium loading. 

For cases in which the heat is carried out of the MTZ by the product gas, a heat balance 
can be used to estimate the temperature of the bed downstream of the MTZ, and, therefore, 
of the product gas. The following heat balance equation is given by Kovach (1988): 

QG = (GC,, + mCps + VC,)(A t) 

Where: Q =heat of adsorption, B t d b  
G = weight of adsorbed adsorbate, lb 

C,, = adsorbate heat capacity, BtuAb OF 
C,, = adsorbent heat capacity, B t d b  OF 
C, = carrier gas heat capacity, Btdscf OF 
m =weight of adsorbent, lb 
V = volume of carrier gas processed, scf 

A t = temperature rise of the bed, OF 

( 12-5) 
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The equation is based on the assumption that all of the gas processed, the entire bed of 
adsorbent, and the adsorbate end up at the same temperature. Actually, the cool incoming gas 
reduces the temperahue of the inlet portion of the bed and is wBrmed in the process. This caus- 
es the temperature of the outlet gas to be slightly higher than that calculated by equation 12-5. 

Pressure Drop 

Pressure drop is a critical factor in the design of adsorption systems, as it normally deter- 
mines the allowable gas velocity and, therefore, the bed cross-sectional area. Although much 
work has been done on the subject, no completely satisfactory general correlation has been 
developed that takes into account the shapes of individual particles, size distribution, void 
fraction, and aging effects, as well as the more readily characterized gas properties and con- 
ditions. It is, therefore, common practice to use experimental and operating data and semi- 
empirical correlations aimed at specific adsorbent types and applications. Typical data and 
correlations are presented in subsequent sections covering dehydration with solid desiccants 
and organic vapor adsorption on activated carbon. 

WATER VAPOR ADSORPTION 

A large number of solid materials will take up water vapor from gases, some by actual 
chemical reaction, others through formation of loosely hydrated compounds, and a third p u p  
by adsorption as described above. Desiccants that operate by adsorption are of primary impor- 
tance for commercial gas dehydration. The types most commonly used for this purpose are 

1. Silica-bused adsorbents. This group includes pure, activated silica gel and special formu- 

2. Alumina-bared &sorbents. These include impure, naturally occurring materials such as 

3. Molecular sieves. This category covers a large family of synthetic zeolites characterized 

lations containing a small percentage of other components such as alumina. 

bauxite and high purity activated aluminas derived from gels or crystalline minerals. 

by extremely uniform pore dimensions. 

With the possible exception of the molecular sieves, which normally require somewhat 
higher regeneration temperatures, the equipment and process-flow arrangements for all of 
the adsorbents are essentially identical and need be described only once. In many cases, the 
adsorbents themselves are interchangeable and equipment designed for one can be operated 
quite effectively with another. 

In its simplest form, a plant for removing water vapor from gases by adsorption will con- 
sist of two vessels filled with granular desiccant together with sufficient auxiliary equipment 
so that one bed of desiccant can be regenerated while the other is being used for dehydration. 
Regeneration is accomplished by passing hot gas through the bed. When the f i t  bed is spent 
and the second completely regenerated, their effective positions in the flow pattern are 
reversed by suitable valving. The complete cycle is repeated periodically so that the process 
is in effect continuous with regard to gas dehydration. The principal difference between vari- 
ous adsorption-dehydration processes is the means of providing heat for regeneration. To 
make the process truly continuous, some work has been done on units in which the beds are 
made to move from the regeneration zone to the adsorption zone rather than switching the 
gas-feed point by valving. However, the moving-bed units have been industrially important 
only for low pressure applications such as air-conditioning dehydration. 
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Photographs of large field installations for solid-desiccant dehydration of high-pressure 
natural gas are shown in Figures 12-2 and 12-3, and a small package-type unit for drying 
instrument air is shown in Figure 12-4. 

‘m- 

Figure 12-2. A typical natural gas dehydration plant employing dry desiccant in vertical 
vessels. Courtesy of United Gas Pipe Line Company 

Figure 12-3. A large field installation for drying high-pressure natural gas with a solid 
desiccant. These adsorbers are of the horizontal compartmental type with four 
compartments per vessel. The gas is introduced through manifolds inside the units to 
provide even distribution. Regeneration gas is heated in a salt-bath indirect-fired 
heater. Courtesy of Black, Sivalls & Bryson, Inc. 
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c 

Figure 12-4. Package-type solid-desiccant dryer. Unit shown has a capacity of 1,000 
scf/min. of air at 100-psig operating pressure. It is designed for an 8-hour tower 
reversal cycle with 250-psig steam reactivation and product air with a -40°F dew 
point. Courtesy of C. M, Kemp Manufacturing Company 

Many gas-dehydration problems can be solved by using either a solid desiccant or a liquid 
system. However, the principal areas of application of the dry-desiccant processes are 

1. Cases where essentially complete water removal is desired 
2. Installations (usually small) in which the operating simplicity of the granular-desiccant 

system makes it attractive 

In the dehydration of relatively large volumes of high-pressure natural gas, liquid dehy- 
drating systems (diethylene glycol or triethylene glycol) are usually more economical if dew- 
point depressions of 40" to 140°F are required. If higher dew-point depressions, up to about 
180"F, are necessary, either type may be selected on the basis of intangible factors. If dew- 
point depressions consistently higher than about 180°F are required, solid-desiccant dehydra- 
tion is generally specified. 

In general, where a simple triethylene glycol unit (atmospheric-pressure regeneration) is 
applicable, it is more economical from both an initial and operating-cost standpoint than a typi- 
cal dry-desiccant system. A comparison of approximate equipment costs for natural-gas dehy- 
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dration by dry-desiccant and glycol processes is presented in Figure 12-5. Operating costs for 
dry-desiccant systems are typically 20 to 30% higher than simple glycol dehydration units. 

In comparison to liquid systems, solid-desiccant dehydration plants offer the following 
advantages: 

1. Ability to provide extremely low dew points 
2. Insensitivity to moderate changes in gas temperature, flow rate, pressure, etc. 
3. Simplicity of operation and design of units 
4. Relative freedom from problems of corrosion, foaming, etc. 
5. Adaptability to dehydration of very small quantities of gas at low cost 

The process has the following disadvantages: 

1. High initial cost 
2. Generally higher pressure drop 
3. Susceptibility to poisoning or breakup 
4. Relatively high heat requirement 

In some cases dry bed dehydration is actually less costly than glycol absorption. Such a 
case, as described by Alexander (1988), is the dehydration of natural gas at an offshore plat- 
form. A glycol plant for the proposed service would be uneconomical because of the require- 
ment for a complex system to recover vapors from the glycol still to avoid air pollution prob- 
lems. Silica gel was selected for this plant in favor of alumina to avoid the catalytic effect of 

Figure 12-5. Comparative initial equipment costs for typical dry-desiccant and glycol 
dehydration processes in high-pressure natural gas service. 
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alumina on the COS formation reaction. Molecular sieve was not used because of its higher 
cost and its requirement for high temperature regeneration. 

Desiccant Materials 
Important physical properties of typical desiccant materials are listed in Table 12-1. Equi- 

librium water-capacity data are presented in Fwre 126. 

Silica Gel 

Silica gel is commercially available as a powdered, granular, and spherical bead material 
of various size-ranges. The individual particles have a hard, glassy appearance resembling 
quartz. The material may be represented by the formula Si0pnH20. It is produced by react- 
ing sodium silicate with sulfuric acid, coagulating the mixture into a hydrogel, washing to 
remove sodium sulfate, and drying the hydrogel to produce the commercial adsorbent. The 
end product is highly porous, with pores estimated to average 4 X 

A typical chemical analysis of commercial silica gel is given in Table 12-2 (W.R. Grace 
& Co., 1992). The analysis is on a dry basis. The loss on ignition at 1,750"F is reportedly 6.0 
percent maximum. 

The equilibrium partial pressure of water vapor over silica gel containing various concen- 
trations of adsorbed water is shown in Figure 12-7. This figure is based upon the data of 
Taylor (1 945) and Hubard (1954), extrapolated to cover the very low water range by applica- 
tion of the Freundlich relationship: 

cm in diameter. 

W = KC" (12-6) 

Where: W = concentration of water in the silica gel 
C = concentration (or partial pressure) of water in the gas phase 

K and n = constants 

In this figure, the residual water content of silica gel is included in the weight of the desic- 
cant. This water, which normally amounts to about 6% of the activated weight, can be 
removed by heating to 1,750"F for 30 min., but it is not removed at conventional regenera- 
tion temperatures. 

Bead type adsorbents have the advantages over granular material of a lower gas pressure 
drop for the same mesh size mge ,  greater resistance to attrition, and better particle flow 
characteristics. The latter property permits beads to be pneumatically loaded into dehydra- 
tion vessels. Two types of spherical silica beads have been developed; one essentially pure 
silica and the other a blend of silica with a small amount of alumina. 

The chemical analysis and physical properties of a high purity silica gel bead (Grace 
Bead Gel) are given in Table 12-3. The extremely low concentration of alumina in these 
beads results in low catalytic activity. This property is desirable in some applications 
because it minimizes the formation of coke from the cracking of adsorbed hydrocarbons 
during regeneration. 

Silicdalumina beads were originally developed and marketed in the U.S. by Mobil Oil 
Corp. as Sovabeads. Later they were manufactured by Kali-Chemie AG of Germany under 

(text continued on page 1038) 



Physical properties 

True specific gravity 
Bulk density, lb/cu ft (4-8 mesh) 
Apparent specific gravity 
Average porosity, % 
Specific heat, Btul(lb)("F) 
Thermal conductivity, 

Btu(in.)/(ft*)(hr)( O F )  

Water content (regenerated), % 
Reactivation temperature, O F  

Particle shape 

Surface area, sq meterlg 
Static sorption at 60% RH, % 

Table 12-1 
Important Physical Properties of Typical Desiccant Materials 

~ 

Type of desiccant (typical commercial products) 

1. Silica 
gel 

(Davison 
03) 

2.1-2.2 
45 
1.2 

50-65 
0.22 

2. Silica- 
base 
beads 

(Sorbead R) 
- 
49 
- 
- 

0.25 

300-450 

33.3 

3. Activated 
alumina 

(Alcoa grade 
F-1) 
3.3 

52-55 
1.6 
51 

0.24 
1 .O( 100°F) 
1 .45(200"F) 

6.5 
350-600 
granular 

210 
14-16 

4. Alumina- 
base 
beads 

(LaRoche A-201) 

3.1-3.3 
48 

65 
- 

- 
6.0 

350-850+ 
spheroidal 

325 
20 

5. Activated 
bauxite 

3.40 
50-52 
1.6-2.0 

35 
0.24 

1.0!9(36O0F; 
4-8 mesh) 

4-6 
35Qt 

granular 

- 
10 

6. Molecular 
sieve 

4A & 5A) 

40-45 
1.1 

0.2 

- 

varies 
300-600 

cylindrical 
pellets 

22 
- 
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Figure 12-6. Equilibrium water capacity of solid adsohents versus relative humidity 
based on air at atmospheric pressure and 77°F. Silica gel data Wm W.R. Grace & Co. 
(1992); activated alumina data Wm Alcoa (1991); activated bauxite data from Amen, et 
ai. (1949); molecular sieve data liom UOP (1990) 

Table 12-2 
Typical Chemical Analysis of Commercial Silica Gel, Percent 

Silica (SiOd 
Iron as F%03 
Aluminum as N203 
Titanium as Ti02 
Sodium as Na20 
Calcium as CaO 
Zirconium as ZrOz 
Trace elements 

99.7 1 
0.03 
0.10 
0.09 
0.02 
0.01 
0.01 
0.03 
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PARTIAL VAPOR RESSUR€ OF WATER, mm Hg 

Figure 12-7. Equilibrium partial pressure of water vapor over silica gel containing 
various amounts of adsorbed water. Residual water, which cannot be removed by 
conventional regeneration, is included in the weight of the desiccant. Based on data of 
Taylor (1945) and Hubard (1954) 

Table 12-3 
Properties of Grace Bead Gel 

Chemical Analysis 
SOz,  % 99.80 
A1203, % 0.029 
FeZ03, ppm <IO0 
P" 4.5 

Physical Properties 
Pore Volume, cm3/g 0.45 
Average Pore Diameter, A" 22 
Surface Area, m2/g 800 
Total Volatile at 1 ,750°F, % 5.5 
Bulk Density, lb/ft3 48 
Specific Heat, Btu/(lb)("F) 0.22 
Thermal Conductivity, Btu(in.)/(ft*)(h)('F) 1 

Data from W.R. Grace & Co., Davison Chemicals Division (1993) 
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(text continuedfrom page 1034) 

license from Mobil and distributed in the U.S. by Weskem, Inc., under the name of Sorbead 
(Kali-Chemie, 1979; Weskem, Inc., 1982). Although Weskem is no longer promoting Sor- 
bead, a very similar product, Natrasorb, is offered by Multiform Desiccants. Both Sorbead 
and Natrasorb are in the form of uniform beads, about 0.14 in. (3.5 mm) in diameter. Two 
basic types are used in gas dehydration; Sorbead R (Natrasorb T), a very active form used in 
the bulk of the bed, and Sorbead W (Natrasorb TW), a less active form, used where contact 
with liquid water may occur. The Natrasorb T and TW desiccants are reported to contain 3% 
and 10% alumina respectively, the balance being silica (Multiform Desiccants, 1984). 

The very active form is susceptible to damage if contacted with liquid water; in fact, 
regenerated beads shatter if dropped into water. To avoid deterioration of beads by the action 
of water droplets that may be entrained in the feed gas, a buffer desiccant is recommended 
for the portion of the bed nearest the feed-gas entry. This may be any solid desiccant that is 
not susceptible to damage by liquid water, including the less active silicdalumina beads. 

The water capacity of Sorbead R is indicated by Figure 12-8, which is based on atmos- 
pheric pressure, air, and isothermal adsorption. The equilibrium capacity shown on the chart 

RELATIVE HUMIDITY, PER CENT 

Figure 12-8. Effect of relative humidity on capacity of Sorbead R desiccant. Data 
obtained with air at atmospheric pressure and under essentially isothermal conditions 
(77°F). Data of Mobil Oil Cow. (1971) 
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was obtained by passing air at 77°F and various known humidities through the desiccant 
until no more moisture could be absorbed and the air emerged at the same humidity at which 
it entered. The break-point capacity was obtained by passing the air through the bed until the 
humidity of the air leaving the bed started to rise sharply. In either case, the capacity value 
was then determined by noting the increase in the weight of the bed due to water adsorption 
and relating this to the original weight of the dried material. The gas velocity and bed depth 
must be specified when reporting break-point capacity values because these are a function of 
operating conditions. The effects of adiabatic versus isothermal operation and other variables 
on break-point capacity are discussed in a later section. 

Activated Alumina 

The first commercially available activated alumina was a granular material designated F- 1 
by the manufacturer, the Aluminum Company of America (Alcoa). This material was intro- 
duced in the 1930s and was an important solid desiccant for several decades. A spherical 
form of activated alumina, H-151 Alumina Gel, was later introduced by Alcoa and proved 
quite successful. Production of H-151 by Alcoa ceased in 1985, and it was replaced by 
newer spherical products such as H-152 and F-200. The granular F-1 is still available, but is 
not considered to be an important solid desiccant for gas dehydration (Woosley, 1990). Both 
granular and spherical activated alumina desiccants have been introduced by other manufac- 
turers and several of these are listed in Table 12-4. 

Goodboy and Fleming (1984) point out that the term “alumina” is a misused expression for 
aluminum oxides and hydroxides that exist in at least five thermodynamically stable phases 
and many more metastable transition forms. The commercial activated alumina desiccants arc 
generally manufactured by a process involving the following steps (Woosley, 1990): 

1. Aluminum trihydroxide, Al(OH)3, (gibbsite) is thermally decomposed at a temperature in 
the range of 375” to 450°C to release water vapor and form a partially dehydrated A1203. 
Complete dehydroxylation is not allowed to occur. The product is a powder still capable 
of losing 4 to 7% on ignition at high temperature. 

2. The activated powder is bonded using water a.. the sole or primary binding medium to 
form spheres or granules of the desired size and shape. 

3. The formed particles are given a second thermal treatment to solidify the bond and re- 
activate the adsorbent, producing a final adsorbent with a loss on ignition of 4 to 8%. 

The chemical analysis and physical properties of a typical activated alumina desiccant are 
given in Table 12-5. The data are for a spherical product, A-201, produced by LaRoche 
Chemicals (LaRoche is the successor company to Kaiser Chemicals, which produced the 
activated alumina products prior to mid-1988). 

The water adsorptive properties of several commercially available alumina desiccants are 
given in Table 12-6. As indicated by the data in this table, and also by Figure 12-6, high quali- 
ty activated aluminas typically have the capacity to adsorb 3 5 4  pounds of water per 100 
pounds of regenerated alumina when equilibrated with 90% relative humidity (RH) air. 

Activated Bauxite 

Activated bauxite used for gas dehydration usually appears as hard, brownish-red gran- 
ules. The material is made from naturally occurring bauxite by heating it under controlled 
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Table 12-4 
Properties of Commercial Acthrated Alumina Desiccants 

Size, Equilib. 
mesh, Bulk Crush Capacity 
in., or Density, Strength @ 60% RH, 

Type Supplier Form mm lb/cu ft Ibf w t %  

18 A-2 LaRoche gran. 8 x  14 42 - 

A-201 LaRoche spher. ].I" x Xf' 48 - 20 
12 x 32 

3 x 6  
5 x 8  - 
7 x  12 

gran. 3 x 6  
5 x 8  - 
7 x 1 2  
7 x 1 4  
14 x 28 

- - - 
- 35 

- - - 
50 - 18 A-204 LaRoche spher.1 ].I" 

- - - 
- 20 

- - - 
- - - 
- - - 

A Rhone- spher. 2 x 5 m m  48 29 22 
Poulenc 5 x l O m m  - 55 20 

F-200 Alcoa spher. I$" 48 30 19 
- %I' - 55 

Y4" - 70 - 

H-152 Alcoa spher. -same as F-200- 22 
DD420 Discovery spher. Z"x5mesh 52 40 20 

DD430 Discovery spher. %" x 5 mesh 56 45 22 

- - - Chemical 5 x 8  
8 x  14 

Chemical 5 x 8  

- - - 

- - - 
- - 8 x  14 - 

LaRoche product dutufrom LaRoche Chemicals (1988), other data from Woosley (1990) 

conditions to vaporize water from the hydrated alumina. The major component of the bauxite 
ore is usually alumina trihydrate. After activation, a typical activated bauxite (Florite) has 
the composition given in Table 127. 

The principal advantage of activated bauxite is its low cost as compared to that of synthet- 
ic desiccants. It has the additional advantage of resisting breakup in the presence of liquid 
water and, in spite of its low cost, it is capable of providing extremely low dew points. Its 
principal disadvantage is a somewhat smaller capacity for water than that of the other desic- 
cants. The total capacity of Florite activated bauxite as a function of relative humidity is 
shown in Figure 12-6, which is based on air at atmospheric pressure. The break-point capac- 
ity for air, at room temperature and a 55°F dew point, flowing at a rate of 0.141 cu Wmin 
through 4- to 8-mesh Florite in a column 1.3 in. in diameter and 36 in. deep, is indicated to 
be about 6!4% by weight according to the data of h e r o  et al. (1949). These authors recom- 



Table 12-5 
Chemical Analysis and Properties of LaRoche A-201 Activated Alumina 1 

Type 
A 

(2 x 5 mm) 
F-200 
H-200 

Chemical Analysis 
Si02 

Ti02 
Na20 
Loss on Ignition 

Fez03 

A1203 

Loss on Equilibrium Capacity at 
Ignition 10% RH, 60% RH, 90% RH, 

Supplier wt % w t %  w t %  w t %  

Rhone- 3-5 8 22 35 
Poulenc 
Alcoa 6.5 7 19 40 
Alcoa 4.0 12 22 40 

wt % 
0.02 
0.02 

0.002 
0.35 
6.0 

93.6 

Physical Properties 
Surface Area, m2/g 325 
Pore Volume, cm3/g 0.50 

20 
Bulk Density, packed, Ib/ft3 48 
Static Sorption (at 60% RH) 

Crushing Strength, Ib force 35 
Notes: 
1 .  Static sorption determined on 5 x 8 mesh spheres. 
2. Crushing strength is for 5 mesh (4 mm) spheres. 
Data from LaRoche Chemicals (1990) 

Table 12-6 
Water Adsorption Propedes of Activated Alumina Desiccants 

Table 12-7 
Composition of Activated Bauxite 

~ ~~ ~ ~ ~ 

Component W t %  

A1203 70-75 
Fe203 3 4  
Si02 11-12 
Ti02 3 4  

Volatile (water) 4-6 
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mend the use of 5% capacity for gases at temperatures less than 100"F, having a relatively 
high humidity, and containing no constituents that will cause undue fouling. 

Molecular Sieves 

Although naturally occurring molecular-sieve adsorbents have been known for many 
years, this type of material did not become of commercial importance until the introduction 
of synthetic molecular sieves by Union Carbide Corporation's Linde Division in 1954. The 
molecular sieves differ from conventional adsorbents primarily in their ability to adsorb 
small molecules while excluding large ones, so that separations can be made based on mole- 
cular size differences. They have the additional property of relatively high adsorption capaci- 
ty at low concentrations of the material being adsorbed and have an unusually high affinity 
for unsaturated and polar-type compounds. 

In August 1988, the Catalysts, Adsorbents, and Process Systems (CAPS) business of 
Union Carbide was merged into a new venture operating under the name UOP. Molecular 
sieves offered by UOP are basically the same materials as those formerly provided by Union 
Carbide. Several other companies now offer molecular sieves, including Zeochem and the 
Davison Chemicals Division of W.R. Grace & Company. 

The commercial molecular sieves generally belong to the zeolite class of minerals, i.e., 
hydrated alkali metal or alkaline earth aluminosilicates, which are activated by heat to drive 
off the water of crystallization. The crystals have a robust cubic structure, which does not col- 
lapse on heating, so that activation results in a geometric network of cavities connected by 
pores. The pores are of molecular dimensions and cause the sieving action of these materials. 

About 40 different zeolite structures have been discovered; however, only three synthetic 
types are widely used in commercial applications: Zeolite A, Faujasite, and Pentad. The 
pores of Zeolite A are restricted by 8-membered oxygen rings. The free aperture for this 
structure is about 3.0 A" for the K+ form (3A), 3.8 A" for the Na+ form (4A), and 4.3 A" for 
the Ca++ form (5A). Faujasite is represented by two forms, X and Y, with pores restricted by 
12-membered oxygen rings. The pores of these materials are relatively large with a free 
aperture of about 8.1 A". The X and Y zeolites differ from each other only with regard to the 
SUA1 ratio which controls cation density, and therefore, affects adsorptive properties. The 
Pentasil-type zeolite has pores restricted by a 10-membered oxygen ring, which gives a free 
aperture of about 6.0 A". This zeolite was first proposed by Mobil in the early 1970s and 
named ZSMJ.  At about the same time, a pure silica analog with the same framework struc- 
ture was prepared by Union Carbide and named Silicalite (Ruthven, 1988). 

Typical properties of the four most widely used molecular sieves are given in Table 12-8. 
All of the sieves are excellent desiccants for dehydrating gas; however, as indicated in the 
table, their special properties make certain types preferable for specific applications. In addi- 
tion to the primary types listed, special sieves are available for dehydration applications 
requiring resistance to acids in the gas being treated and for applications where COS forma- 
tion may be catalyzed by sieve components. 

Molecular sieves are generally available as cylindrical pellets, spherical beads, and pow- 
der. Pellets and beads are most commonly used for dehydration and gas purification applica- 
tions. The pellets are formed by extrusion and usually have a fixed diameter of %6 or % in., 
and a variable length equal to 1 to 4 times the diameter. The bead size is characterized by 
screen cut, which identifies the Tyler screen size through which all of the beads pass and the 
size that retains all of the beads, in that order, with the two sizes separated by an "x." The 
two most commonly used screen cuts are 4 x 8 and 8 x 12. 



Nominal 
pore diameter, i Basic type Angstroms 

Bulk density 
of pellets, 
Ib/cu ft (1) 

5 I I 

Molecules 
H20 capacity, adsorbed Molecules 

(%/wt) (2) (typical) (3) excluded 

Table 12-8 
Basic Types of Commercial Molecular Sieves 

20 I H20,NH3 I Ethaneandlarger 

Propane and 
larger 

Is0 compounds, 
4 carbons rings 
and larger 

38 I 28.5 I Di-n-propyl- I (C4F9)3Nand 
amine larger 

Notes: 
1 )  Bulk density for  %"pellets 
2 )  Pounds H20/100 Ib activated adsorbent at 17.5 mm Hg partial pressure and 25°C adsorbent in pellet form. 
3) Each type adsorbs listed compounds plus those of all preceding types. 
Data from UOP (1990) 

Typical 
applications 

Dehydration of unsaturated 
hvdrocarbons 

Static desiccant in refrigeration 
systems, etc. Drying saturated 
hydrocarbons 

Separates n-paraffins from 
branched and cyclic hydro- 
carbons 

Coadsorption of H20, H2S, 
and C07 
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A relatively new shape for molecular sieve pellets is the TRISIV adsorbent offered by 
UOP. This is an extrusion with a trilobal (cloverleaf) cross-section. The diameter of each 
lobe is typically %6 in.; however, since the lobes are joined to give a much larger effective 
diameter for the extrusion, the pellet length is about 3 to 4 times the lobe diameter. The 
impact of particle shape on performance was analyzed by Ausikaitis (1983). He compared 
TRISIV with beads and pellets for the same dehydration service and concluded that, for the 
specific conditions and assumptions of the study, the TRISIV design offered a small but sig- 
nificant economic advantage. 

A major application of molecular sieves is for gas drying ahead of cryogenic processing, 
where extremely low dew points are required. Molecular sieve units are widely used prior to 
the cryogenic extraction of helium from natural gas, cryogenic air separation, liquefied nat- 
ural-gas production, and deep ethane recovery from natural gas using the cryogenic turboex- 
pander process. Although the molecular sieves are somewhat more expensive than other 
adsorbers, they offer the following advantages: 

1. They provide good capacity with gases of low relative humidity. 
2. They are applicable to gases at elevated temperatures. 
3. They can be used to adsorb water selectively. 
4. They can be used to remove other selected impurities together with water. 
5. They can be used for adiabatic drying. 
6. They provide extremely low dew points. 
7. They are not damaged by liquid water. 

The equilibrium capacity of molecular sieve, type 5A, for water vapor at 25°C is presented 
in Figure 12-6 with curves for other adsorbents, which are included for purposes of compar- 
ison. The effect of temperature on the equilibrium adsorption-capacity of molecular sieve, 
type 5A, activated alumina, and silica gel is shown in Figure 12-9 for a water-vapor partial 
pressure of 10 mtn. These data show that at 200”F, for example, the molecular-sieve capacity 
is 15 percent by weight, while the other adsorbents have an almost negligible capacity at this 
temperature. The extremely high drying efficiency of molecular sieves makes them useful 
for “trimmer” beds in conjunction with silica-gel or alumina desiccants. In this type of instal- 
lation, a small bed of molecular sieves following the conventional adsorbent removes the last 
traces of moisture from the gas stream, permitting the primary bed to be loaded to a higher 
capacity and producing a lower product-gas dew point. 

Mechanism of Water Adsorption 

When a gas containing water is passed through a bed of freshly regenerated adsorbent, the 
water is adsorbed first near the inlet portion of the bed, and the dehydrated gas passes through 
the rest of the bed with only a small amount of additional drying taking place. As the adsor- 
bent nearest the inlet becomes saturated with water at the condition of the feed gas, the zone 
of rapid water adsorption moves inward and ultimately progresses through the entire bed. 
When this “adsorptive wave” reaches the outlet end, the water content of the product gas is 
observed to rise rapidly, signifying the “break point” for the particular operating conditions. 

The adsorption of water results in the evolution of heat in the active adsorption zone. With 
high-pressure gas (above about 500 psig), the large weight of gas associated with each pound 
of water picks up the heat released with only a small temperature rise, on the order of 2” to 
4°F. With low-pressure gas or air, on the other hand, there are fewer pounds of gas per 
pound of water vapor so that a much greater temperature rise is possible. The heat is actually 
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Figure 12-9. Comparison of the effects of temperature on the capacity of molecular 
sieve, type 5-A, silica gel, and activated alumina in equilibrium with water vapor at 
10-mmHg partial pressure. The dotted lines show the effect of 2% residual water at 
the start of adsorption. Data of UOP (1990) 

liberated inside the adsorbent particles, as a result of water condensation and adsorbent wet- 
ting. If no cooiing coils are provided in the bed, the heat is transferred to the gas stream in 
the active adsorption zone. On leaving this zone, however, the hot gas encounters cool (and 
dry) adsorbent, and heat transfer occurs in the reverse direction, warming the bed down- 
stream to the adsorption zone and recooling the gas stream, which emerges from the bed 
only slightly wanner than it was upon entering. The high-temperature wave thus progresses 
through the bed somewhat in advance of the adsorptive wave, so that the exit-gas tempera- 
ture starts to rise well before the dehydration break point occurs. 
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This effect is clearly shown by the data in Table 12-9, based on information presented by 
Derr (1938) for air dehydration with activated alumina at atmospheric pressure. The table 
presents temperatures within an uncooled bed of desiccant, 32 in. high and 12 in. in diame- 
ter, drying air that is at 75°F dry-bulb temperature, contains 9 grains moisture/cu ft, and 
flows at a rate of 5.2 cu f thr  per pound of alumina. The break point was f m t  detected after 7 
hr of operation at which time the exit-air temperature was 213°F. However, 1 hr later (after 8 
hr of operation), the water content of the outlet gas was still only 0.34 grainsku ft, indicating 
a water-removal efficiency of 96%. 

The heat generated in adiabatic adsorbers not only raises the temperature of the bed and 
the gas, but also decreases the operating capacity as a result of the effect of temperature on 
equilibrium. Cooling coils are sometimes placed within adsorbent beds to remove this heat, 
making the operation substantially isothermal, with an appreciable increase in capacity. 
However, the added expense of this type of construction is seldom justified, and it is more 
common practice to design for a larger bed and adiabatic operation. The extent of the capaci- 
ty reduction as a result of adiabatic operation is not easily calculated because of such compli- 
cating factors as the cooling of the inlet portion of the bed by fresh gas with a subsequent 
increase in its capacity and readsorption of stripped water downstream of the adsorptive 
wave. The magnitude of the effect was investigated by Grayson (1955) who compared adia- 
batic with isothermal operation for the case of Sorbead desiccant dehydrating air at atmos- 
pheric pressure. He found the adiabatic break-point capacity to be considerably below the 
isothermal break-point capacity and, under some conditions, to decrease with increased 
water content of the feed gas. This effect is illustrated in Table 12-10 by examples of 
Grayson’s data, which were obtained with air, at atmospheric pressure and 80°F dry-bulb 
temperature, passed through a bed of Sorbead 36 in. deep. 

The effect of gas velocity on break-point capacity is also indicated by the data of Table 
12-10. As can be seen, increasing the gas velocity from 30 to 60 ft/min. decreases both the 
adiabatic and isothermal break-point capacities with a given quantity of adsorbent. Grayson 
also investigated the effects of humidity and bed depth. As indicated in the table, increased 
humidity generally (although not always) decreased the capacity at break point. Increasing the 
bed depth was found to increase the break-point capacity (on a unit weight basis) appreciably, 
as a result of the cooling effect of the inlet gas on the first portion of the bed contacted. 

Equations describing nonisothermal adsorption in large fixed beds have been developed 
by Leavitt (1962). His analysis indicates that for the case of a feed gas containing one 
adsorbable and one nonadsorbable component in a large diameter bed, two separate transfer 
zones tend to form. The equations permit calculation of concentrations, loadings, and tem- 
peratures in both zones and in the interzone region as well as the speeds and lengths of the 
zones as they move through the adsorber. 

As pointed out above, an increase in gas velocity decreases the break-point capacity for a 
given bed of desiccant. However, if the bed is made deeper to compensate for the increased 
gas velocity and provide the same cycle time as with lower gas rate, the average capacity of 
the bed at the break point is increased. This occurs because the mass transfer zone (MTZ) is 
a smaller fraction of the deeper bed. 

As in other mass-transfer operations, the rate of transfer of water vapor from the gaseous 
phase is a function of the gas flow rate, the size and shape of the desiccant particles, and the 
properties of the gaseous and adsorbate phases. If the mass-transfer coefficient is very high, 
the mass transfer zone will be quite short, i.e., complete dehydration will be obtained until the 
break point is reached; at this time the water content of the product gas will rise very rapidly. 
If the mass-transfer coefficient is quite low, on the other hand (or if the bed is very shallow), 
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Air Velocity, ft/min. 

Air Wet-bulb temp.,* O F  

Break-point Capacity 
Adiabatic, wt % 
Isothermal, wt % 

Table 12-10 
Adiabatic and lsothennal Break-point Capacities for Sohead Desiccant 

Dehydrating Air at Atmospheric Pressure 

30 60 

35 60 35 60 

7.4 5.6 5.8 4.2 
11.0 20.0 8.0 16.8 

some water vapor may pass through with the gas from the start, and the water content of the 
exit gas will increase slowly as the entire bed becomes saturated. Most commercial installa- 
tions fall between these two extremes in that there is first a period of maximum dehydration, 
then after a definite break point, the water content of the product gas is observed to rise at a 
moderate rate. Break-point capacity curves of this type for Activated Alumina H- 15 1 in high- 
pressure natural-gas service are shown in Figure 12-10. The data illustrated were obtained in 
a twin-tower dehydration unit, each tower 16 ft high and 3 ft in diameter. Natural gas, at 
approximately 850 psig, was dehydrated using downflow during dehydration and upflow 
(with 360°F gas) during regeneration. One tower required 3,900 lb H-151 Activated Alumina 
Gel Balls, % in. to 6 mesh, and handled 16 to 19 MMscf/day of gas. 

In the dehydration of air at atmospheric pressure for air conditioning, the pressure drop 
through the desiccant must be kept to an absolute minimum, and very shallow beds are 

Figure 12-10. Capacity test curves for Activated Alumina H-151 after 1 month and 6 
months of service, dehydrating natural gas at approximately 850 psig and 80°F; gas 
flow rate, 16 to 18 million scf/day; tower size, 16 ft high, 3 ft diameter. Data of Gem et 
a/. (1953) 
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employed. Because of this, the initial break point occurs very quickly, and the dew point of 
the product gas climbs steadily during most of the adsorption cycle. This type of operation 
has been analyzed quite thoroughly by Ross and McLaughlin (1951) for silica-gel adsop  
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The normal approach for the design of fixed bed dehydration systems involves the follow- 
ing steps: 

1 -  

1. Select the adsorbent material based on the required product gas water concentration, the 
composition of the feed gas, projected capital and operating costs, and other factors. 

BED THICKNESS (IN.) 
Row OB 1.F) 
ROOM RH Val 34.8 

1132 
56.6 

WATTS 4500 4531 
CFM/ WATT 0.025 

k- ADSORPTION -- DESORPTION 4 

Fwre 12-11. Characteristic operation curves for a solid adsorbent dehumidifier. Data 
from Ross and Mclaughlin (7957) 
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2. Determine the allowable gas superficial velocity based on a specified pressure drop limita- 
tion, e.g., 7 psi for high pressure operation. 

3. Calculate the required bed cross-sectional area andor the number of beds of a given diam- 
eter based on the superficial velocity selected in step 2. 

4. Select a cycle time (typically 8 to 12 hours) and calculate the quantity of adsorbent 
required based on an estimated end-of-life equilibrium capacity. 

5. Determine the total bed height based on the volume of adsorbent calculated in step 4 and 
an estimated length of the mass transfer zone (MTZ). 

6. Calculate the total heat required during the regeneration step to heat and desorb the adsor- 
bate, heat the adsorbent, heat the vessel and intemals, heat the exit gas, and provide for 
heat losses through the vessel walls. 

7. Establish a heatingholing time schedule based on the cycle time selected in step 4, and 
calculate the regeneration gas flow rate required to provide the heat needed in the time 
available. 

Detailed design procedures, which generally follow these steps are described by Polley 
(1981), Campbell (1974) and the GPSA Engineering Datu Book (1987). The GPSA approach 
is highly simplified, but widely used for preliminary design studies of natural gas dehydra- 
tion plants. Data and correlations used in the GPSA procedure are included in the following 
discussions where appropriate. 

Desiccant Selection 

A chart developed by Coastal Chemical Company, Inc., to aid in the selection of solid des- 
iccants is reproduced in Figure 12-12 (Veldman, 1991). The chart considers the four widely 
used desiccants: activated alumina (F-200), silica gel beads (Sorbead R and Sorbead W), alu- 
mina gel beads (H-152), and molecular sieves (3A or 4A). 

Molecular sieves are the most expensive, but provide the lowest dew point. They are nor- 
mally used to dehydrate natural gas feed streams for cryogenic hydrocarbon recovery units. 
Type 4A is the type most commonly employed, but 3A is gaining favor because it is less 
active catalytically and can be regenerated at a lower temperature. than 4A. A disadvantage 
of molecular sieves for gas dehydration is that they can be fouled by impurities in the gas, 
such as amine, caustic, chlorides, glycol, and liquid hydrocarbons. However, fouling prob- 
lems can be minimized by the installation of a buffer layer of one foot or more of activated 
alumina (for amine, caustic, and chlorides) or activated carbon (for glycol or hydrocarbon 
liquids) on top of the molecular sieve bed (Veldman, 1991). 

Activated alumina is the least expensive of the manufactured desiccants and has a high 
water capacity at high feed-gas saturation levels. It has the further advantage of stability in 
the presence of alkaline impurities. Its two main disadvantages are the co-adsorption of 
hydrocarbons, which reduces its capacity for water and can lead to the loss of valuable 
hydrocarbon components to the fuel gas, and rehydration, which destroys its activity. Rehy- 
dration is caused by contact with high levels of water vapor at elevated temperatures. Rehy- 
dration can be alleviated by using dry gas for regeneration; however, this results in the 
requirement for larger vessels because the unit being used for dehydration must process gas 
for both product and regeneration streams. 

The main advantages of silica gel are that it has a high capacity for water, can be regener- 
ated at a low temperature, and is not catalytic for sulfur conversion reactions. Silica gel 
(including silica-base beads) also has a high capacity for pentane and higher hydrocarbons 
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Figure 12-12. Coastal Chemical Company, Inc. dehydration desiccant selection chart 
Data of Vehlman (1991) 

and can be used for combined dehydrationhydrocarbon recovery processes. A problem with 
silica gel is its tendency to shatter when contacted with liquid water. This problem can be 
prevented by providing a layer of water-resistant desiccant, such as Sorbead W, on top of the 
bed. Silica gel deteriorates in the presence of alkaline materials such as amines, but is quite 
resistant to acidic compounds such as H2S and SOz. 

As indicated by the data in Figure 12-12, desiccants that provide lower product gas dew 
points tend to require higher regeneration temperatures. They also generally have higher 
heats of adsorption. The average heats of water adsorption for the three basic types of solid 
desiccants are silica gel-1,400, activated alumina-l,600, and molecular sieves-l,800 
B t d b  H20 (Veldman, 1991). As a result of both the temperature of regeneration and the 
heat of adsorption, the energy consumption of solid-desiccant dehydration systems generally 
increases with increased dew-point depression requirements. 

When both H2S and CO, are present in the gas, the adsorbent may catalyze the following 
reaction to form COS: 

H2S + COz = COS + H20 (12-7) 
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This phenomenon has been identified as the simultaneous adsorption of H2S and rate-limited 
catalytic reaction with C 0 2  (Tumock and Gustafson, 1972). An investigation of the problem 
as it relates to the removal of low concentrations of H2S (less than 160 ppmv) from natural 
gas has been reported by Cines et al. (1976). They found sieves of the 5A type to be least 
catalytic, the type 4A to be of intermediate activity, and the 13A sieve to be the most catalyt- 
ic. The COS formed is not strongly adsorbed and therefore appears in the treated gas long 
before H2S appears. 

The problem of COS formation can also be encountered in molecular sieve beds perform- 
ing primarily as dehydrators. McAllister and Westerveld (1978) report that a large cryogenic 
plant in the Middle East produced a raw gas liquid containing 800 ppm COS as a result of 
the reaction occumng in the molecular sieve dehydrator. They recommend removal of acid 
gas prior to dehydration to avoid the problem. 

The COS formation reaction can cause two problems in natural gas dehydration plants: (1) 
the formation of H 2 0  by the reaction affects the degree of dehydration attainable, and (2) the 
release of COS affects the product gas purity. When liquefied hydrocarbons are recovered 
from the dehydrated natural gas, the COS concentrates in the propane fraction requiring the 
installation of a propane treater. 

The problem of COS formation has been greatly reduced by the development of molecular 
sieves that are poor catalysts for reaction 12-7. Davison Chemical’s SZ-5 sieve, for example, 
has been shown to produce about one-fourth as much COS as the standard 5A sieve under 
the same operating conditions. Zeochem’s 23-04 is a special grade of 3A sieve recommend- 
ed for cases where COS formation may be a problem; but a 3A sieve is otherwise applicable. 
The practical application of 23-04 sieve is described by Trent et al. (1993). In one plant the 
dehydrator feed gas contained 0.70 ppm H2S and 0.0 ppm COS and entered the system at 
80°F and 750 psig. With the original charge of 4A adsorbent, the product gas contained 0.40 
ppm H2S and 0.25 ppm COS, indicating an appreciable conversion of H2S to COS. After 
changing to type 23-04 sieve, the exit gas was found to contain 0.38 ppm H2S and 0.0 ppm 
COS, indicating that the conversion was very low. Several applications of Union Carbide’s 
COS-minimizing molecular sieve are described by Markovs (1990). 

The formation of COS is increased by high levels of H2S and COz in the gas, low concen- 
tration of water vapor, high temperature, extended time at reaction conditions, and alkaline 
conditions. The Davison SZ-5 material is specially formulated to substitute calcium for sodi- 
um to reduce sodium alkalinity compared to the standard 5A sieve. According to Alexander 
(1988), the COS formation reaction is catalyzed by both sodium and aluminum compounds. 
As a result, he concludes that silica-based desiccants are superior in this regard to either alu- 
mina or molecular sieves. 

Pressure Drop 

In the design of soliddesiccant dehydration plants, it is important that the pressure drop 
through the bed be estimated as accurately as possible, because the work required to over- 
come this pressure drop can represent a major operating cost. 
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Generalized correlations for estimating pressure drop of gas flowing through a bed of 
granular particles have been proposed by Rose (1945), Brownell and Katz (1947), Leva 
(1947), and Ergun (1952). A modified form of the Ergun equation is suggested by UOP for 
use with molecular sieve beds (1991B). This equation, which appears to be quite suitable for 
general use with all fmed-bed adsorbents, is 

AP/L = (ftC,G2/pDp)10-t0 

Where: C, = pressure-drop coefficient (ft)(h$)(in?) 
Dp = effective particle diameter, ft 

ft = friction factor 
G = superficial mass velocity, Ib/(hr)(ft2) 
L = bed depth, ft 

p = fluid density, Ib/ft3 
AP = pressure drop, psi 

APL = the pressure drop per unit length of bed, psi/ft 

The value of D, for cylindrical pellets is given by equation 12-9. 

Dp = DJ[% + !4(D&)] 

( I  2-8) 

( 12-9) 

Where: D, = particle diameter, ft 
L, = particle length, ft 

The friction factor, ft, and the pressure-drop coefficient, C,, are determined from Figure 
12-13. The friction factor is plotted against a modified Reynolds number in which 

p = fluid viscosity, lb/(hr)(ft) 

The pressure-drop coefficient, which takes into account the packing density and also 
includes required conversion factors and constants, is plotted against the external void frac- 
tion of the bed. Suggested values for Dp, the effective particle diameter, and E, the external 
void fraction, are given in Table 12-11 for a number of desiccants based on the data of Fair 
(1969) and manufacturers' bulletins. 

Figures 12-14 and 12-15 present quick pressure-drop estimation techniques for the two 
conditions most frequently encountered, Le., high-pressure natural gas and air at atmospheric 
pressure. Figure 12-15, which is based on the data of Allen (1944), has been extended to 
include two grades of silica gel. Available data for pressure drop through beds of Sorbead R 
and LaRoche A-201 Active Alumina (X in. x 8 mesh) indicate that both of these ball-shaped 
desiccants would be represented quite closely by the 4-8 mesh curve of Figure 12-15. 

A simpler modification of the Ergun equation is suggested by the GPSA Engineering Data 
Book (1987) (and also by W.R. Grace & Co., 1992) for molecular sieve adsorbents: 

AF'L = BpV + CdV2 (1 2- 10) 

Where: AP = pressure drop across the bed, psi 
L = bed depth, ft 
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P 

Figure 12-1 3. Correlation for estimating frktion factor and pressure drop coefficient for 
use in calculation of pressure drop of gas flowing through beds of granular adsorbents. 
Data of UOP (19918) 

Table 12-11 
Deskcant properties for pressure Drop calculation 

Effective External 

Particle Mesh density, Dp, fraction, 
Bulk diameter void 

Desiccant form Size l b / e  ft E 

Silica Gel Granules 3 x 8  45 0.0127 0.35 
6 x  16 45 0.0062 0.35 

Spheres 4 x 8  50 0.0130 0.36 

Alumina Granules 4 x 8  52 0.0130 0.25 
8x14 52 0.0058 0.25 
14 x 28 54 0.0027 0.25 

Spheres % in. 52 0.0208 0.30 
M in. 54 0.0104 0.30 

Molecular Granules 14x28 30 0.0027 0.25 
Sieves Pellets 1.4 in. 45 0.0122 0.37 

%6 in. 45 0.006 1 0.37 
Spheres 4 x 8  45 0.0109 0.37 

a x  12 45 0.0067 0.37 
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Figure 12-14. Pressure drop of gas flowing through adsodxnt beds at elevated 
pressures. Specific gravity of gas, 0.677. Data of cappell(1944) 
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Figure 12-15. Pressure drop for air at atmospheric pressure and ambient temperature 
flowing through beds of granular adsorbents. Silica gel data from W.R. Grace C% Co. 
(1992): other data from Allen (1944) 
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= gas viscosity, centipoise 
V = superficial velocity, ft/min. 
d = gas density, Ib/cu ft 

B and C are constants that take into account the intrinsic properties of the bed and have 
the following values for the particles listed: 

Particle type B C 

M in. bead 0.0560 O.oooO869 
!4 in. extrudate 0.0722 0.000124 

in. bead 0.152 0.000136 
%6 in. extrudate 0.238 o.ooo21o 

A similar equation is suggested by LaRoche Chemicals (1990) for use with their spherical 
A-201 alumina. The following values of the constants are recommended: 

A-201 bead size B C 

!4” x %/’ 0.00275 O.oooO375 
3-6 mesh 0.00933 0.0000689 
5-8 mesh 0.0227 0.000108 
7-12 mesh 0.0632 O.OO0 180 

Pressure drops calculated by these equations and charts are for the desiccant beds only and 
do not include vessel entrance and exit losses. 

For molecular sieve dehydrators, the GPSA Engineering Data Book (1987) suggests set- 
ting P/L equal to 0.333 psilft and using a design pressure drop through the bed of 5 to 8 psi. 
Damron (1977) suggests a maximum pressure drop of 9 to 10 psi to prevent bed crushing 
and sieve dusting in dehydration plants that are designed to dry high-pressure gas prior to 
cryogenic processing. 

Since some bed-settling and particle-breakage may occur, it is not unusual for the pressure 
drop through desiccant beds to increase appreciably with time. The pressure-drop record of a 
silica-gel dehydration unit is shown in Figure 12-16 (Henmann, 1955). The data for this fig- 
ure were obtained in a twin-tower unit, each bed 15 ft high and 38 in. in diameter. The unit 
handled 15 MMscfd of natural gas at about 1,OOO psig and 95°F inlet temperature. Data pre- 
sented by Harrell (1957) also show increased pressure drop versus time for both silica-gel 
beads and alumina pellets. His data are summarized in Table 12-12 for the case of 3.0 
MMscfh of natural gas at 570 psig and 72°F. The dehydrator beds are 6 ft 6 in. in diameter 
and 20 ft deep. 

Bed Capacity 

Although the equilibrium capacity is of interest in comparing desiccants, the design capac- 
ity is always lower for the following reasons: 
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1 2  3 4 5 6 7 8 91011121314 
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Figure 12-16. Effect of time in service on pressure drop through silica gel desiccant 
handling high-pressure natural gas. Data of Hemann (1955) 

Table 12-1 2 
Pressure-drop Changes in Desiccant Beds with Length of Service 

Length of service, Pressure drop, psi 
months Silica-gel beads 

35 10.5 2.9 

1. As shown in Figure 12-10, which illustrates a typical drying period, water vapor appears 
in the product gas well before the average moisture content of the bed reaches the value 
which it would have if equilibrium were attained with the inlet gas. 

2. Since the break point represents the limit of capacity with maximum dehydration, it is 
common design practice to provide a factor of safety and end the dehydration period 
before the break occurs. (Where a higher dew point is allowable, units are sometimes 
designed to exceed the break-point capacity.) 

3. An appreciable decrease in capacity normally occurs with extended operation. It is, there- 
fore, necessary to design for the minimum capacity expected before desiccant replacement 
is required. 

For molecular sieve dehydrators, the GPSA Engineering Data Book (1987) suggests a 
base design capacity of 13 pounds of water per 1 0 0  pounds of sieve based on equilibrium 
with saturated gas at 75°F. This value can be corrected for gas that is not completely saturat- 
ed with water and for different temperatures by multiplying 13 by correction factors obtained 
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from Figures 12-17 and 12-18. The corrected design capacity is then used to calculate the 
pounds of molecular sieve required in the equilibrium zone, and this is converted to volume 
on the basis of a bulk density of 42 to 45 lb/cu ft for spherical particles and 40 to 44 lb/cu ft 
for extruded cylinders. 

Figure 12-19 illustrates the decrease in adsorbent capacity with time in service for several 
adsorbents. All of the data in this figure. are for units dehydrating natural gas; however, the 
operating conditions and gas analyses vary considerably so that curves for different adsor- 
bents are not strictly comparable. The curves are typical, however, and indicate the basis for 
establishing design capacities. Recommended design capacities for adsorbents in high-pres- 
sure natural-gas service, assuming the gas to be clean and essentially saturated with water, 

Figure 12-17. Molecular sieve capacity correction factor for unsaturated inlet gas. 
From GPSA Engineering Data Book (1987). Reproduced with permission, copyright 
1987, Gas Processors Supplier’s Association 

TEMPERATURE, O F  

Figure 12-18. Molecular sieve capacity correction factor for adsorption at temperatures 
above 75°F. From GPSA Engineering Data Book (1987). Reproduced with pemissionJ 
copyright 1987, Gas Processors Supplier’s Association 
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fiam IN SERVICE 

Figure 12-1 9. Adsorption capacity of various desiccants versus years of service 
dehydrating high-pressure natural gas. Curve 1, data of Get@ et al. (1963); curve 2, 
data of Hemnann (1955); curves 3,4,6, and 8, data of Swerdloff (19s7); curve 5, data 
of Hammerschnikit (195g; and curve 7, data of Cappel/ et a/, (1944) 

are presented in Table 12-13. For comparison, the drying capacities of the adsorbents when 
new are included. The latter data are based on air of 70% humidity (at 80"F), dehydrated at a 
rate of 15 cu ft/hr per pound of adsorbent, to a dew point of -50°F. 

The phenomenon of decreased capacity with service is not fully understood; however, 
some of the factors that contribute to this effect are known. Relatively nonvolatile com- 
pounds, such as absorption oil or compressor oil, are known to reduce the adsorptive capaci- 

Table 12-13 
Typical Design Capactties of Adsorbents 

Adsorbent 

Activated bauxite-type desiccants 
Activated Alumina 
Silica-gel and silica-base beads 
Alumina-gel balls 
Molecular Sieve Type A 

Typical design 
capacity, wt % 

3-5 
4-6 
5-8 

5-12 
7-14 

New 
capacity, wt % 

12-13 
13-15 
18-21 
20-24 
14-18 
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ty. It has also been shown that, even without contamination, the adsorption capacity is gradu- 
ally reduced by the effect of water and heat during regeneration (Hammerschmidt, 1945). 

It has been observed that the desiccant at the top of the bed (gas inlet) decreases in capacity 
most rapidly. This is not unexpected inasmuch as the top portion of the bed contacts the wet 
inlet gas during the entire adsorption period and, in addition, is more apt to adsorb small quan- 
tities of heavy hydrocarbons or other desiccant poisons that may be present. During regenera- 
tion, which is normally conducted with upflow of heated gas, all of the steam generated in the 
lower portion of the bed must pass upward through the top section. Hydrocarbons adsorbed 
near the top are thus carried out without contacting the lower portion of the bed. Data relative 
to the decline in capacity of bauxite desiccant as a function of position in the adsorber have 
been presented by Hammerschmidt (1957). These data show bauxite, with an original capacity 
of 8% water, to have the capacity shown in Table 1214 after 2% years of service. 

TaMe 12-1 4 
Capacity of Bauxite after 2!! Years Service 

Position in Adsorber Capacity, wt % 

Tray 1 (gas inlet) 3.2 

Tray 3 4.6 
Tray 2 3.9 

Tray 4 5.7 
Tray 5 (gas outlet) 5.7 

As indicated by the equilibrium-capacity data for the various desiccants, the quantity 
adsorbed is a function of the vapor pressure of water in the gas stream (and thus of the rela- 
tive humidity of the feed-gas stream). Capacity values used for design must also be adjusted 
downward if the gas being dehydrated is less than 100% saturated. Data on two desiccants 
used to dehydrate natural gas containing a maximum of 7 lb watedmillion cu ft at 72°F and 
570 psig are presented by Harrell (1957). Very complete gas dehydration is required at this 
plant, since the gas stream is chilled to -105°F. and it is necessary to prevent ice formation 
in the chillers. Several desiccants were tested, and silica-gel beads and alumina-base pellets 
were selected as most favorable. Both of these showed capacities of 7% immediately after 
installation and decreased in capacity as shown in Table 12-15. 

The drying of cracked-gas streams poses a particular problem because of polymerization 
of the olefins on the desiccant. Molecular sieves are affected less than silica or alumina in 
this type of service because of their capability to exclude large molecules. A comparison of 
four desiccants for drying a cracked gas stream was conducted at Union Carbide Corpora- 
tion’s Texas City olefins plant (Pierce and Stieghan, 1966). For both high- and low-density 
alumina, the capacity was found to decrease from about 5 lb H20/100 Ib desiccant after 25 
cycles to about 1 lbll00 Ib after 200 cycles. Silica gel’s capacity dropped from about 10 to 2 
lb/100 lb in the same period, while the capacity of molecular sieve 3A decreased by only 
about 25% from 13.7 to 10.2 Ib H20/100 lb desiccant, in the period between 25 and 200 dry- 
ing cycles. As a result, all of the adsorption units were recharged with Type 3A molecular 
sieve (replacing alumina). Because of its greater capacity for water, a depth of about 45% of 
the original bed depth was used. 
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of desiccant, 
months 

0 
8 
18 
27 
35 

Table 12-15 
Capacity of Desiccants Used in Dehydrating Gas Containing a Maximum of 7 Ib 

H.Lo/MMscf at 72°F and 570 p i g  

Capacity, wt% I NO. of reactivations 
Silica-gel 

beads 

7.0 
5.0 
2.7 
2.0 
2.2 

Alumina 
pellets 

7.0 
3.9 
2.5 
2.2 
2.1 

Silica-gel 
beads 

1 
145 
272 
425 
5 87 

Alumina 
pellets 

1 
145 
283 
436 
598 

Source: Harrell, 1957 

At Phillips Petroleum Company’s plant in Sweeny, Texas, considerable cost savings were 
effected by converting two dehydration units treating cracked gas streams from activated 
alumina to Type 3A molecular sieves. In addition to replacing the bed material, the system 
was modified from a lead-trim mode to a parallel mode, and a compound bed consisting of 
both %-in. and X6-in. pellets was used. In the lead-trim mode of operation, two beds are used 
for dehydration in series while the third is being regenerated. This is advisable with activated 
alumina to prevent leakage of moisture as the material loses capacity due to accelerated 
aging. In the parallel mode, two beds are used for dehydration in parallel while the third is 
regenerated. This reduces pressure drop and therefore compression energy in the main gas 
stream and permits the use of smaller pellets. The overall effect of the changes was an esti- 
mated savings of $300,000 per year (Ezell and Gelo, 1982). 

According to Silbernagel (1967), butadiene and acetylene (including methyl acetylene and 
propadiene) cannot usually be dried at all with silica or alumina desiccants because of rapid 
fouling of the bed by adsorbed hydrocarbons. With Type 3A molecular sieve, on the other 
hand, design water loadings of 7 to 14 lb H20/100 lb desiccant can be used with a 2- to 4-year 
molecular sieve life. A 380” to 425°F purge-gas temperature is normally used for regeneration 
of the adsorbent in this service. Although the Linde 3A molecular sieve is able to exclude all 
molecules larger than methane and thereby resists fouling due to polymerization of adsorbed 
hydrocarbons, it is apparently quite sensitive to attack by acids, including H2S and C 0 2 ,  when 
present in high concentrations. This problem has been resolved by the development of acid- 
resistant molecular sieves. In one plant employing an acid-resistant Type A sieve to dehydrate 
natural gas containing 26% H2S and 5 percent C 0 2  at 2,200 psig, a normal service life of 2 
years per desiccant charge has been achieved (Kraychy and Masuda, 1966). 

Drying Tower Dimensions 

For the typical case of a vertical, cylindrical dehydrator, the diameter is selected to give a 
superficial gas velocity that results in an acceptable pressure drop as described in the previ- 
ous section entitled “Pressure Drop.” The length is then established by the quantity of adsor- 
bent required to remove water from the gas before breakthrough occurs. Estimation of this 
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required quantity is complicated because only part of the bed attains equilibrium with the 
gas; the remainder near the exit end of the adsorber varies from the equilibrium concentra- 
tion to essentially zero concentration at the very end. Active adsorption is still proceeding in 
this section when the adsorption cycle is stopped. 

As discussed in the previous section of this chapter entitled “General Design Concepts,” 
the zone of active adsorption is called the mass transfer zone 0. The length of this zone 
is a measure of how rapidly adsorption is occurring. A short MTZ is desirable in that it 
enables a large fraction of the total bed to approach equilibrium with the feed gas before 
breakthrough occurs. Although equations have been developed to define the shape of the 
concentration-vs.-bed length curve, and thus the length of the MTZ in terms of mass transfer 
units and system parameters (Tan, 1980 and 1984, Vermeulen et al., 1973), simpler 
approaches are generally used for solid bed dehydrator design. 

In one simplified approach, the total bed is viewed as the sum of two sections: the length 
of equivalent equilibrium section (LES) and the length of unused bed (LUB). LES is equiva- 
lent to the position of the stoichiometric front at breakthrough, while LUB is one-half the 
length of the MTZ. When breakthrough occurs, LUB is defined by equation 12- 1 1 : 

LUB = Lo - L, (12-11) 

Where: LUB = length equivalent to unused bed, ft 
L, =total bed length, ft 
L, = position of stoichiometric front in bed, ft 

The position of the hypothetical stoichiometric front at any time is given by the following 
equation: 

L, = 1OOG/pb x (AYIAX)t ( 12- 12) 

Where: G = the gas-feed rate, lb moleh  ft2 
pb = adsorbent bulk density, lb/ft3 

AX = Xe - Xo where Xe and Xo are the adsorbate loadings in equilibrium with 
the feed gas and on the regenerated adsorbent, respectively, lb mole/lOO lb 
activated adsorbent 

AY = Ye - Yo where Ye and Yo are the concentrations of adsorbable component 
in the gas feed and in the gas in equilibrium with regenerated adsorbent, 
respectively, lb moleAb mole 

t = time from the start of adsorption, hrs 

The equations are best used in conjunction with actual test data. L, is calculated from 
equation 12-12 by substituting t,,, the time at which breakthrough occurs, for t and using 
adsorption isotherms to establish AX and AY. LUB is then determined by equation 12-11. 
This LUB value can then be applied to the design of a plant with an entirely different length 
of equilibrium section, provided factors affecting the mass transfer zone are the same. A 
detailed review of adsorption column design using the mass-transfer-zone concept has been 
presented by Lukchis (1973). 

An alternative correlation for estimating LUB is equation 12-3 (page 1028), which 
requires data on tb, the time to breakthrough, and &, the time required for the stoichiometric 
front to reach the end of the bed. These time values can be obtained on a test unit operating 
at similar conditions. 
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In the GPSA (1 987) procedure, the water adsorbed in the MTZ is neglected for the purpose of 
estimating the amount of sieve required for adsorption, but the length of the MTZ is included in 
calculating the total bed depth. The length of the M1z is estimated by the following equation: 

L- = (V/35)0.3(2) (12-13) 

Where: LMTz = length of mass transfer zone, ft 
V = superficial gas velocity, ft/min. 
Z = 1.70 for %-in. sieve 

0.85 for %-in. sieve 

The total bed depth required can thus be calculated as either the sum of I l J B  and the stoi- 
chiometric length at breakthruugh or the sum of the MTZ length and the equilibrium length 
at breakthrough. In high-pressure natural gas service, about five to six feet are added to the 
total calculated bed depth to get the required tangent-to-tangent dehydration vessel length. 
The additional space is required for support balls (or structures), gas distribution space, noz- 
zle connections, and the possible future addition of more desiccant. 

The final selection of vessel dimensions requires consideration of gas pressure drop, the 
cost of vessel construction, and the need for good gas distribution. According to h e r o  et al. 
(1949), such considerations usually results in a heightdiameter ratio between 2:l and 5:l 
and a gas velocity between 20 and 60 ft/min, based on the empty vessel. 

In a sample design calculation for a unit to dehydrate 190 MMscfd of natural gas at 700 psig 
and 80"F, Polley (1991) suggests design criteria of 6 ft for vessel diameter, 15 ft minimum for 
bed depth, and 7 psi maximum for pressure drop. These. values are typical, but not limiting; in 
many cases it is economical to use larger diameter vessels, up to the maximum that can be 
transported to the site. Height:diameter ratios as low as 1: 1 have been used successfully. 

Where deep beds are indicated, it is common practice to install intermediate support trays 
at intervals of 4 or 5 ft to minimize the load on particles at the bottom of the bed and aid in 
gas distribution. Even in high pressure gas streams, pressure drop is important and several 
design modifications have been utilized to minimize it, including the use of horizontal rather 
than vertical vessels (see Figure 12-3) and the use of radial flow from a central core to an 
outer annulus in vertical vessels. In low pressure gas and atmospheric pressure air service, 
pressure drop is of extreme impo&ince, and large diameter shallow beds with a height:diam- 
eter ratio of 1: 1 or less are often employed. 

For a given total gas flow and desiccant-bed volume, a deep bed is more effective than a 
shallow bed because a deep bed permits the desiccant to attain a higher average loading. This 
advantage is gained, however, at the expense of pressure drop because the deep bed must 
operate at a higher gas velocity. 

Allowable gas velocities during both adsorption and regeneration are limited by consider- 
ations of particle entrainment and bed agitation as well as pressure drop. This problem has 
been analyzed by Ledoux for the case of upflow of gas, and the following semiempirical 
equation has been proposed (1948): 

G2/dgd,Dg = 0.0167 ( 12- 14) 

Where: G = mass velocity of gas, lb/(sec)(sq ft) 
dg = gas density (flow conditions), lb/cu ft 
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d, = adsorbent bed density, lb/cu ft 
D = average particle diameter, ft 
g = acceleration due to gravity, ft/(se~)~ 

As the equation is dimensionless, any other consistent set of units could be used. Actual 
design velocities should be somewhat lower than might be indicated by the equation because 
of uncertainties inherent in the use of an average particle size and bed density for commer- 
cial adsorbents. 

An alternative approach mentioned by Wunder (1962) for establishing the maximum permis- 
sible downflow gas velocity in beds of granular alumina makes use of a momentum concept: 

NM=V X M X P I30,OoO ( 12- 15) 

Where: NM = a design parameter proportional to the gas momentum 
V = superficial gas velocity, ft/min. 
M = molecular weight of gas 
P = system pressure, atm 

Wunder claims that desiccant attrition should not be a problem if N, is equal to or less than 
30,000. This value is based on granular alumina, but is also recommended for silica gel. 

The following gas velocities are given by Barrow (1983) as typical design values that will 
give an acceptable pressure drop for %-in. molecular sieve in gas dehydration service. 

Pressure (psia) Velocity (fpm) 
200 55-7 1 
600 3 2 4 8  

1 ,OOO 25-40 

It is recommended that the velocity of the gas being dehydrated be limited to a value that 
will result in a pressure drop no higher than 7 psi. During regeneration, the gas velocity must 
be high enough to create a pressure drop of about 0.1 psi/ft. This leads to velocities in the 
range of 5-8 fpm for %-in. molecular sieve and 2-3 fpm for %-in. material. 

Desiccant Regeneration 
Regeneration (or reactivation) of the desiccants is accomplished by taking advantage of 

the fact that the capacities of all of the desiccants decrease with increased temperature. Usu- 
ally a stripping gas is also employed to flush the released water vapor from the bed and 
reduce the partial pressure of water vapor in the gas to the lowest point possible during 
regeneration. Sufficient heat is required to provide the latent heat of vaporization of the 
adsorbed water, and to raise the temperature of the bed and associated equipment to the final 
regeneration temperature. Theoretically, the heat of wetting must also be provided; however, 
this is quite small relative to the heat of vaporization and is usually neglected. The required 
heat is generally supplied by passing a stream of preheated gas through the bed as pointed 
out above, the preferred flow direction for the regeneration gas being the reverse of that 
taken by the gas during dehydration. A regeneration-gas temperature of about 350" to 400°F 
is typical for all of the adsorbents, except molecular sieves. These materials require regener- 
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ation at a temperature in the range of 500" to 700°F if they are to provide maximum capacity 
and minimum dew point (-120" to -150°F). However, they reportedly will still provide one 
and one-half to two times the capacity, at dew points 15" to 40°F lower than conventional 
desiccants, when regenerated in the same manner as the conventional desiccants (Clark, 
1958). The regeneration pressure for all adsorbents is usually the same as that used for dehy- 
dration; however, lower pressures are sometimes used to improve the stripping of adsorbed 
hydrocarbons. Low pressure regeneration is seldom used in natural gas dehydration systems 
because it requires the addition of carefully controlled depressurization and repressurization 
steps in the cycle, and it usually produces more low pressure effluent gas than can be used 
locally for fuel. 

A regeneration cycle for a natural gas dehydration unit employing a molecular sieve desic- 
cant is shown in Figure 12-20. In this unit, gas at 600°F is used for regeneration. It will be 
noted that the temperature of the gas leaving the unit rises rapidly at first, then more slowly 
as the exit gas temperature approaches that of the inlet. This effect is even more pronounced 
when a low regeneration gas flow, and therefore a longer regeneration period, is used; in 
fact, in some cases a temperature plateau is observed, marking a period when the bulk of the 
water is evaporated. 

The regeneration period of about five hours shown in Figure 12-20 is fairly typical. When 
the dehydrator vessels are cycled every 8 hr, for example, the regeneration gas quantity and 
temperature are usually set to provide complete regeneration in 4% hr, with cooling in about 
3 hr, leaving about X hr for switching and standby before the vessel is brought on stream as a 
dehydrator. 

Bed cooling is most commonly accomplished at the same gas flow rate as regeneration 
with the regeneration heater bypassed. The cooling gas is usually passed through the bed in 
the same direction as the heating gas, Le., upflow. This is particularly advantageous when 
dry gas is used for cooling (the most common case), because upflow cooling insures that the 
bottom of the bed is always dry. However, if wet feed gas is used for cooling, the gas flow 
direction should be reversed from upflow during heating to downflow during cooling, so that 
any water deposited by the cooling gas will be at the top of the bed and, therefore, will not 
be picked up by the product gas during the adsorption cycle. 

The GPSA Engineering Datu Book (1987) design procedure offers a very simplified, but 
useful set of equations for regeneration calculations. Two assumptions in the procedure are 
that 10% of the heat required to evaporate the adsorbed water and raise the temperature of 
the vessel and contents to the hot gas temperature will be lost, and that one-half of the heat 
put into the regeneration gas will be utilized. The latter assumption implies that the area 
under the exit gas curve of Figure 12-20 is equal to one-half the area under the inlet gas 
curve during the heating period, which appears to be approximately the case for the example 
illustrated. 

The quantities of heat energy required for a molecular sieve system are 

Q, = (1,800 Btu/lb)(lb of water in the bed) (12- 16) 

QSi = (lb of sieve)(0.22 Btu/lb"F)(T, - Ti) (12-17) 

Q,, = (lb of steel)(O. 12 Btu/lb"F)(T, - Ti) (12-18) 

( 12- 19) 
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Figure 12-20. Regeneration cycle for molecular sieve, natural gas dehydration unit. 
Data of Cummings (1983) 

(12-20) 

Where: Qw =heat needed to desorb water, Btu 
QSi = heat needed to raise sieve temperature, Btu 
QSt =heat needed to raise steel temperature, Btu 
Qhl = heat loss, Btu 
Qt, = total heat needed for regeneration, Btu 
Tr, = temperature of regeneration gas, O F  

Ti = temperature of inlet gas, O F  

The calculated value of the total heat required for regeneration is used to determine the 
amount of regeneration gas that must be passed through the bed by the following equation: 

R, = Q,J(C,)(T, - Ti)(heating time hours) (12-2 1 )  

Where & is the required amount of regeneration gas, lbh,  C, is the heat capacity of the 
gas, Btu/lb O F ,  and the other symbols are as given above. After calculating the required 
amount of regeneration gas, its superficial velocity through the bed and pressure drop should 
be estimated. Damron (1977) suggests that the superficial velocity should be in the range of 
5 to 10 ft/min. (for high pressure natural gas dehydrators). If it is below about 5 ft/min. hot 
gas channeling may occur and the gas rate should be. increased, which normally results in a 
shorter heating cycle. The GPSA Data Book recommends that the gas velocity be maintained 
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high enough to produce a pressure drop of 0.10 psilft. This results in a minimum gas velocity 
of about 5 ft/min. for %-in. beads, but lower acceptable velocities for finer particles. 

In a process developed by Maloney Steel of Calgary, Canada, the customary cooling step 
is eliminated (Palmer, 1977). The Maloney process typically employs three beds of molecu- 
lar sieve adsorbent. Regeneration is accomplished by a continuous stream of inlet gas that is 
heated first in a gas-to-gas heat exchanger by regeneration gas from the adsorber tower and 
finally in a gas-fired salt bath heater to 500°F. Each adsorber is in service two-thirds of the 
time and in regeneration one-third of the time. Since no time is required for cooling, the 
adsorbent is actively drying gas for a greater fraction of the overall cycle period than in con- 
ventional designs and, as a result, the process requires a smaller volume of adsorbent. 

The principal drawback of the process is the possibility of producing poorly dried gas for 
a brief period when a hot, regenerated bed is first put on stream for dehydration service. 
However, operating experience of more than a year with a commercial unit did not show evi- 
dence of such occurrences (possibly due to instrumentation limitations). In theory, the heat 
transfer zone moves through the bed several hundred times faster than the mass transfer 
zone. As a result, except for a brief period at the beginning of the cycle, the heat transfer 
zone moves rapidly ahead of the mass transfer zone, providing an adequate supply of cool 
adsorbent to pick up water contained in the feed gas. 

Process Flow Systems 

A typical flow diagram for a high-pressure natural-gas dehydration plant is shown in Fig- 
ure 12-21. In this arrangement, the regeneration gas is taken from the main wet-gas stream 
ahead of a pressure-reducing valve, which maintains sufficient pressure drop to enable the 
regeneration gas to flow through a heater, dehydrator, cooler, and separator and back into the 
wet-gas feed stream. In an alternate arrangement that has been proposed, the cooled regener- 
ation gas reenters the system at a mid-point of the tower in dehydrating service. This uses the 
pressure drop across the first half of the bed instead of the pressure drop across a valve to 
provide the driving pressure for the regeneration gas and has the effect of reducing the 
required pressure drop across the entire dehydration plant. In the unit shown, steam at 386°F 
is used to heat the regeneration gas to 360°F. When regenemtion of the bed is completed, as 
evidenced by a rise in the exit-gas temperature to approximately that of the inlet gas, the 
steam to the heater is shut off (or the heater may be bypassed), and the slip stream of wet 
feed gas is used to cool the regenerated bed. When the bed temperature approximates that of 
the dehydration-plant feed, it is ready for dehydration service. Switching the two dehydrators 
from dehydration service to regeneration heating and then to regeneration cooling is accom- 
plished by the use of 12 valves, which are numbered on the drawing. The valve positions for 
the various operations are given in Table 12-16. 

In the arrangement shown, the gas flow is downward during dehydration, when the gas 
velocity is highest, in order to avoid disturbing the bed. It is upward during regeneration in 
order that the bottom of the bed will be thoroughly regenerated, as it is the last point of con- 
tact with the gas being dehydratd, and it is downward during cooling in order that any water 
deposited from the cooling gas will be at the top of the bed where it cannot be revaporized 
into the gas stream during dehydration. 

A more common arrangement for large natural gas dehydration plants is depicted in Fig- 
ure 12-22. In this system, the gas used for regeneration is recompressed and recycled to the 
wet feed gas stream. Less energy is required to recompress the small stream of regeneration 
gas than is lost by reducing the pressure of the main gas stream through a valve. The Figure 
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Valve 
No. 

1 
2 
3 
4 
5 
6 
7 
8 
9 

10 
11 
12 

Figure 12-21 a Process flow diagram of typical natural gas dehydration plant using an 
alumina or silica desiccant and wet gas regeneration. 

dehydrating 
Bed 

No. 2, 
regenerating 

0 
C 
C 
0 
C 
C 
C 
0 
C 
C 
C 
0 

~~~~~~~ 

Table 12-1 6 
Positions of Valves in Dehydration Plant of Figure 12-21 During Operating Cycles* 

1 Bed No. 1 on 

*c = closed; 0 = open. 

ervice 

Bed 
No. 2, 

cooling 

0 
C 
C 
0 
C 
C 
C 
C 
0 
C 
0 
C 

Bed No. 2 on 
dehydrating SI 

Bed 
No. 1, 

regenerating 

C 
0 
C 
C 

rice 
Bed 

No. 1, 
cooling 

C 
C 
0 
C 
0 
C 
0 
C 
C 
0 
C 
C 
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Figure 12-22. Process flow diagram of typical natural gas dehydration plant using 
molecular sieve desiccant and dry gas regeneration. From GPSA Engineering Data 
Book (1987). Reproduced with permission, copyright 1987, Gas Processors Supplier's 
Association 

12-22 system has the further advantage of permitting dry gas to be used for regeneration and 
cooling. The dry gas is more effective in removing water during regeneration and does not 
add water to the bed during the cooling cycle. It can be fed to the bottom of the bed during 
both regeneration and cooling, reducing the number of valves required compared to the sys- 
tem of Figure 1221. The two flow diagrams also differ with regard to regeneration gas heat- 
ing. In Figure 12-21, this gas is heated by steam to a temperature of 360"F, which is typical 
of silica and alumina desiccant systems; while in Figure 12-22, the regeneration gas flows 
through a direct-fired heater, which raises its temperature to 6OO"F-typical of a molecular 
sieve system. 

The length of the dehydration period may be varied within wide limits. Shorter periods 
are more economical with regard to equipment size and desiccant charge; however, operat- 
ing costs may be higher because of shorter desiccant life and more frequent valve operation. 
Obviously, sufficient time must be allowed for the complete regeneration and cooling of 
one tower while the other is in service; however, the regeneration time requirement may 
also be varied by adjusting the quantity and temperature of the regeneration gas stream. In 
general, the length of the drying cycle is established on the basis of operating labor sched- 
ules, resulting in the usual specification of 8-, 12-, 16-, and 24- hour cycles. Eight to twelve 
hour cycles are most typical. It is common practice to switch beds on the basis of the estab- 
lished time schedule rather than to take advantage of the full capacity of the desiccant. The 
desiccant bed capacity decreases with age, however, and ultimately a time is reached when 
the bed just barely accomplishes the desired dehydration at the end of the drying cycle and 
must be replaced. 
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Cummings (1983) points out the economic advantage of adjusting the dehydration cycle to 
take advantage of the higher capacity of the adsorbent at the beginning of its life cycle. He 
provides the following breakdown of heat requirements for regeneration of molecular sieve 
systems: 

Percent of Heat Input 

Sensible heat to desiccant 
Sensible heat to vessels and internals 
Sensible heat to water plus the heat 

Sensible heat carried out in exit 
of desorption 

regeneration gas 

9 
15 

16 

60 

Since only about 16% of the heat input is actually used to remove water, a doubling of the 
water load in the bed increases the heat consumption by only about 16%. This results in a 
significant fuel savings during the early life of the desiccant charge. 

To take advantage of the fuel savings possible with a maximum length dehydration cycle, 
it is necessary to know when breakthrough is imminent. This can be accomplished by 
installing a gas sample tap 12-18 in. from the bottom of the bed. The presence of moisture in 
gas from the sample tap indicates that the breakpoint is approaching the end of the bed and 
marks the appropriate cycle time for the specific operating conditions. 

A process flow system using three towers packed with silica gel at the top and molecular 
sieve at the bottom is often selected to provide a combination of natural gas dehydration, 
control of hydrocarbon dew-point temperature, and recovery of hydrocarbon liquids (Badger 
Engineers, 1984). At any one time, two towers are in adsorption service while the third is 
being regenerated or cooled. The feed gas is first cooled and passed through a liquid separa- 
tor before it flows to the top of the adsorber towers. The silica gel in the top portion of the 
bed adsorbs both water and heavy hydrocarbons and also serves as a guard for the molecular 
sieve, which does the final dehydration. Natural gas heated to 500400°F is used for regener- 
ation. Adsorbed water and heavy hydrocarbons are recovered from the regeneration gas by 
passing it through a cooler/condenser and separating the products. A portion of the dried 
product gas is used for cooling before the adsorber is placed back in adsorption service. Gas 
used for regeneration and cooling is recycled to the active adsorber. 

Operating Practices 

As previously noted, the capacity of solid desiccants decreases with time, and ultimately 
the beds must be replaced. In order to predict the replacement time well in advance, it is 
good practice to determine periodically the maximum capacity of the beds. This is accom- 
plished by allowing the beds to remain on stream past the normal cycle time and then moni- 
toring the dew point of the product gas to detect the break point and the point at which it 
reaches the maximum allowable value. 

Since the decrease in capacity is believed to be due to a considerable extent to heavy 
hydrocarbons that are deposited on the bed, all possible precautions should be followed to 
prevent such materials from entering the unit. An efficient scrubber, ahead of the dehydra- 
tion plant, is recommended for removing liquid hydrocarbons, water, and other particulate 
impurities that may be present in the feed-gas stream. 
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Liquid water is particularly objectionable with high-capacity gel-type adsorbents because 
it can cause particle breakage. To minimize this effect, it is common practice to guard sus- 
ceptible desiccants, such as Sorbead R, with a layer of liquid-water-resistant desiccant, such 
as Sorbead W or Activated Alumina. Another precaution is to insulate the tower surfaces and 
connecting pipelines so as to prevent the condensation of water on the cooled metal surfaces 
and avoid the possibility of such water reaching the desiccant. 

Although regeneration can be accomplished at 300°F for all desiccants except molecular 
sieves, higher temperatures (up to 400°F) provide lower dew points and may actually 
increase the desiccant’s useful life by providing more complete removal of adsorbed hydro- 
carbons. Periodic regeneration at a higher than normal temperature is also occasionally of 
value in reducing the rate of capacity decline. 

Hydrogen sulfide in the feed-gas to solid-bed dehydrators can cause difficulties, particu- 
larly if the gas also contains a trace of oxygen. In the latter case, the desiccant acts as a cata- 
lyst for the oxidation of hydrogen sulfide to elemental sulfur, which deposits on the particles. 
Some of this is vaporized during regeneration and can cause plugging of cooler condensers. 
Wilkinson and Sterk (1950) present data on the dehydration of a very sour gas, containing 
1,800 to 2,000 grains. H2S/100 scf (and presumably no oxygen), with Sorbead and Activated 
Alumina. They found the Activated Alumina to be inactivated rapidly while the Sorbead was 
relatively unaffected by the H2S. 

The presence of H2S in the gas to be dehydrated is particularly serious when bauxite that 
contains iron oxide is used as the desiccant. The iron oxide reacts with the hydrogen sulfide 
to form iron sulfide, which changes the characteristics of the bauxite; this results in deactiva- 
tion and disintegration of the particles. 

An operating precaution that may seem rather obvious, but which nevertheless is frequent- 
ly overlooked, is the prevention of sudden pressure surges. If the dehydration vessel is vent- 
ed rapidly, for example, very high, localized gas velocity may occur in the bed, causing bed 
motion, attrition, and even entrainment of the desiccant particles in the gas stream. Ballard 
(1978) recommends that the pressurization rate be limited to less than 50 psi per minute and 
that the depressurization rate be held below 30 psi per minute to avoid desiccant breakage 
and damage to the vessel internals. 

Uniform distribution of gas entering the bed is very important to prevent gas channeling 
and desiccant damage. Neither the wet feed gas nor the regeneration gas should impinge 
directly on the bed. A perforated basket or screen-wrapped slotted pipe, with the feed gas 
exiting radially at a low velocity, provides better feed gas distribution than a perforated plate 
above the bed (Ballard, 1978). 

Two types of bed supports are commonly used: (1) several layers of screen on a horizontal 
grid supported by beams, and (2) inert alumina balls that completely fill the bottom head of 
the vessel. The upper screen must be smaller in mesh size than the desiccant particles and is 
often covered with a few inches of small inert alumina balls to minimize contact with the des- 
iccant. When the bed is supported entirely on inert balls, they are graduated in size, with large 
(typically % in.) balls filling the bottom head, then a layer of %in. balls, and finally a layer of 
small (e.g., % in.) balls directly under the desiccant. The upper layers of balls are typically 6 to 
12 in. in depth. A layer of large (e.g., 2 in.) balls is often placed on the top of the desiccant 
bed to improve gas distribution and minimize bed particle movement (Ballard, 1978). 

USE OF MOLECULAR SIEVES FOR GAS PURIFICATION 

In addition to their use for dehydration as described in a previous section of this chapter, 
the molecular-sieve adsorbents are finding application for many other gas-purification prob- 
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lems. Most of these take advantage of the fact that the molecular sieves show a high adsorp- 
tive selectivity for polar and unsaturated compounds. Polar compounds, such as water, car- 
bon dioxide, hydrogen sulfide, sulfur dioxide, ammonia, carbonyl sulfide, and mercaptans, 
are very strongly adsorbed and can readily be removed from such nonpolar systems as natur- 
al gas or hydrogen. 

In most gas-purification cases, water vapor is also present in the impure gas and is 
removed by the molecular-sieve adsorbent along with the other impurities. Since water is 
adsorbed more stxongly than any of the other components, it concentrates initially at the inlet 
portion of the bed where it displaces the other impurities that had previously been adsorbed. 
These desorbed impurities are then readsorbed farther down the column, and this impurity 
adsorption zone moves through the bed in advance of the water adsorption zone. This phe- 
nomenon is illustrated graphically in Figure 12-23 for the case of mercaptan adsorption 
from natural gas (Conviser, 1965). As indicated by the illustration, a much smaller bed 
would be required, for the same adsorption period, if dehydration alone were desired. In that 
case a small amount of mercaptan sulfur would be removed with the water, but, at the water 
breakthrough point, the sulfur content of the product gas would be the same as that of the 
feed. In a similar manner, the presence of any more strongly adsorbed component will affect 
capacity and breakthrough point for a given impurity. 

Rgure 12-23. Adsorption zones in a molecular sieve bed, adsorbing both water vapor 
and mercaptans from natural gas. Data of Convisef (1965) 
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Basic Data 
Equilibrium capacity data for molecular sieves and the gases COz, H2S, SO2, and NH3 are 

presented in Figures 12-24, 12-25, 12-26, and 12-27, respectively. Data for silica gel are 
included on the NH3 chart for comparison purposes. As pointed out above, the capacity 
attainable in plant operations involving multicomponent gas streams cannot be estimated 
directly from equilibrium data obtained with a single component. However, such data are 
useful as an indication of maximum possible capacities and as a base for more complex 
design analyses. 

One approach to the correlation and prediction of multicomponent adsorption equilibria 
for molecular sieves has been proposed by Yon and Turnock (1971). This approach uses a 
Loading Ratio Correlation (LRC), which makes use of constants that are derived from pure- 
component behavior. According to the authors, a single set of constants can characterize 
adsorption equilibria over broad ranges of temperature, pressure, and concentration. 
Although the technique is not excessively cumbersome to use, a detailed description is 
beyond the scope of this text, and the reader is referred to the original paper for additional 
information (Yon and Turnock, 1971). For the specific case of natural gas purification (H2S 
and water removal) using a 5A molecular sieve, a detailed design calculation procedure has 
been presented by Chi and Lee (1973). The proposed design method has been compared with 
experimental data over a wide range of conditions and found to adequately predict hydrogen 
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Figure 12-24. Equilibrium isotherms for carbon dioxide adsorption on molecular sieves, 
types 4A and 5A. Data of UOP (1993A) 
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Figure 12-25. Equilibrium isotherms for hydrogen sulfide adsorption on molecular 
sieves, types 4 4  5A, and 13X. Data of UOP (1993A) 

sulfide break time. It is based on the use of a dynamic H2S saturated capacity, which is corre- 
lated with H2S and C02 partial pressures, and a “Lost Bed Height” (similar to LUB), which 
correlates with H2S flux (lb/ft2 hr) and the ratio of C 0 2  to H2S partial pressures. 

Process cycles used for gas purification are generally similar to those used for dehydra- 
tion. Fixed beds of adsorbent are employed, with gas typicdly flowing downward during the 
adsorption cycle, upward during regeneration and downward during cooling. Once the bed 
capacity has been established from pilot-plant tests or fundamental data, the general process 
design techniques described in previous sections of this chapter can be applied. An exception 
is pressure swing adsorption which employs pressure reduction instead of a hot purge gas for 
bed regeneration. Another nontypical molecular sieve process, which makes use of both the 
catalytic and adsorptive properties of molecular sieves, is the Pura Siv-N process developed 
by Union Carbide Corporation for the removal of NO, from nitric acid plant tail gas 
(Farnoff, 1971). The process utilizes two beds of a special acid-resistant molecular sieve. 
When tail gas from the acid plant is passed through one of the beds, the NO is catalytically 
converted to NO,, which is immediately adsorbed as an equilibrium mixture of NOz and 
N204. The operation is cycled to the other bed prior to NO, breakthrough, and the NO, in the 
spent bed is desorbed by heating to about 600°F. Additional specific applications of molecu- 
lar sieves for gas purification are. described in the following sections. 
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Figure 12-26. Equilibrium isotherms for sulfur dioxide adsorption at 25°C ( 7 7 O F )  on 
molecular sieves, types 4A and 5A. Data of UOP (199%) 

inert Gas Purification 

Inert gas, for use in annealing and other operations requiring a nonreactive atmosphere, is 
customarily made by removing carbon dioxide and water vapor from a combustion gas made 
under carefully controlled conditions. A flow diagram of the purification process employing 
molecular sieves is shown in Figure 12-28. Natural gas is burned with air in near stoichio- 
metric proportions to give a product gas containing approximately 89% nitrogen and 11% 
carbon dioxide plus the water originally present in the air and that formed during the com- 
bustion. The combustion gas is cooled by heat exchange with regeneration air and then by 
passage through a water-cooled exchanger. The cooled gas is then passed through one of the 
three molecular-sieve beds for water and C 0 2  removal. During this time, the second molecu- 
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Figure 12-27. Equilibrium isotherms for ammonia adsorption at 25°C (77°F) on 
molecular sieves, types 4A, 5A, and 13X, and on silica gel. Data of UOP (1993A) 

Figure 12-28. Molecular sieve process for purification of inert gas used in annealing 
operations. From Clark (195s) 
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lar-sieve bed is regenerated, and the third is cooled. At the end of a 1-hr period, the valves 
are automatically switched so that the bed previously used for adsorption is regenerated, the 
regenerated bed is cooled, and the cooled bed is used for purification. Operating data for a 
relatively small commercial unit are presented in Table 12-17. 

Table 12-1 7 
Operating Data for Inert-gas Generator with Molecular-Sieve Gas Purification 

(Clark, 1958) 

Adsorbent-bed diameter, ft 2.25 

Weight of adsorbent per bed, Ib 
Air required for regeneration, s c f h  

Adsorbent-bed height, ft 3.5 

Purified gas from adsorption bed, s c f h  
Purified gas used as purge during cooling, s c f h  
Net inert-gas production rate, s c f h  

600 
12,500 
2,200 

200 
2,000 

I Source: Clark, 1958 

During the regeneration period, the bed is brought up to a temperature of 450°F by the 
heated air stream. Cooling is accomplished in two parts-for 5 min., product gas is passed 
through the bed at a rate of 200 scf/hr and vented; and for 55 min., gas is recirculated 
through the bed and a cooler at the rate of 12,500 scfhr. However, even during the 55-min. 
period, fresh product gas is added and recirculated gas vented at the rate of 200 s c f h .  At the 
end of the I-hr cooling and purging period, the oxygen content in the recirculation gas has 
been reduced to less than 50 ppm. 

The C02 content of the combustion gas is reduced from about 11% to less than 0.01%, and 
the dew point is lowered to below -75°F by the molecular-sieve adsorption process. Oxides of 
nitrogen that may be present in trace quantities in the combustion gas are completely removed. 

Carbon Dioxide and Water Removal from Ethylene 

Molecular sieves have been employed to coadsorb C02 and H 2 0  from ethylene gas which 
is used for the production of polyethylene plastic. A very low C 0 2  content is required in the 
feed gas to the polymerization plants, and liquid systems normally require more than one 
stage of absorption. In the molecular-sieve process, a standard two-bed system is used with 
regeneration accomplished by heating the bed with 600-psig steam and purging with heated 
methane. Pertinent design data for one installation are presented in Table 12-18. 

It is reported that the initial investment for this type of carbon dioxide-water removal plant is 
lower than that of a more conventional installation employing liquid processes for CQ removal 
followed by adsorptive dehydration and that operating costs are competitive (Clark, 1958). 

Carbon Dioxide Removal from Cryogenic Plant Feed Gas 
Molecular sieves are used in many installations for the simultaneous removal of carbon 

dioxide and water from gas streams which undergo low-temperature Liquefaction in a subse- 
quent operation. Even relatively low concentrations of carbon dioxide and water can cause 
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Table 12-1 8 
Design Data for Molecular-Sieve Ethylene Gas Purification Plant 

Ethylene-gas feed rate, MMscf/day 
Feed-gas pressure, psig 
Adsorber diameter (ID), in. 
Adsorber height, ft 
Adsorbent charge (per vessel), Ib 

Steam pressure, psig 
Steam rate, Ib/day 
Cooling-water rate, gal./day 
Ethylene in purged gas (recycled to furnace) 

Methane in purged gas, h4Mscf/day 
Inlet-gas C02 content, pprn 
Product-gas C 0 2  content, ppm 
Product-gas dew point, OF 

MMscf/day 

Source: Clark, 1958 

1.75 
430 
60 
32 

15,000 
(Linde type 5-A molecular sieve) 

600 
11,400 
57,200 

0.05 
0.06 
3,000 

< I  
<-100"F 

the formation of frost, or "rime," on the surfaces of cryogenic heat exchanger fins. One of 
the earliest COz removal applications of molecular sieves was for purifying the air feed to 
cryogenic air separation plants. In this service, continuous product gas purities of less than 1 
ppm C 0 2  and 1 ppm H 2 0  are readily attained. 

The design of molecular sieve front end purification (FEP) systems for cryogenic air sepa- 
ration plants is described by Kerry (1991). In a typical design, the feed air is compressed to 
about 6-8 atm and cooled to about 8°C (46°F) before it enters the bed of molecular sieve. 
The adsorption step is stopped before breakthrough of C 0 2  occurs. Since propane, ethylene, 
acetylene, and higher hydrocarbons as well as H 2 0  are more strongly adsorbed than C02, 
only the inlet portion of the bed will be near saturation with regard to these impurities at the 
end of the adsorption step so they will be removed from the gas with very high efficiency. 

The regeneration of molecular sieve beds in FEP systems is accomplished by flowing 
heated nitrogen through the bed, in the reverse direction to adsorption, at approximately 
atmospheric pressure. Regeneration temperatures are modest, 90" to 100°C (194" to 212"F), 
but an amount of nitrogen equal to about 20 to 30% of the inlet air is required. The bed is 
cooled with low temperature nitrogen before it is ready for the adsorption step. 

A growing field of applications is front-end feed purification for natural-gas liquefaction 
plants. Figure 12-29 is a simplified flow diagram of a three-tower molecular-sieve adsorp- 
tion plant, and Figure 12-30 is a photograph of a plant of this type. This arrangement has 
one tower drying and purifying gas, another tower being cooled, and a third tower being 
regenerated by a hot purge at the same time. The towers are manifolded to common inlet and 
outlet headers. and are automatically switched from adsorption to heating to cooling in 
sequence. The same gas is used for cooling one bed and heating another so purge gas 
requirements are about one-half that of a dual bed system. In the flow diagram shown, the 
purge gas is withdrawn from the purified gas stream, and after use it is cooled to knock out 
most of the water and is then returned to the pipeline. Boil-off gas from the liquefaction 
plant is also frequently used for purging. 



1 078 

4 

Gas Purijkation 

I WSCFO 

h Y l N G  ANb 
P U R l F Y l l G  

T M A T L O  

AVA I L U L L  

A HOLECUR 

COOLING 

F + 
IoIwScfD 
TO LIQUCFACTI#I 
20 PW EO, 
0.1 P M  Ma0 
0.01 m n.r 

Figure 12-29. Simplified flow diagram of typical three-tower molecular sieve 
adsorption system for removing carbon dioxide and water from natural gas prior to 
liquefaction. From Thomas and Clark (1967) 

Removal of Sulfur Compounds 
In natural-gas processing, the mercaptans are generally the most strongly adsorbed impuri- 

ties (other than water), followed by H2S with COz being the most weakly adsorbed compound 
in this series. However, all mercaptans are not adsorbable by type 4A or 5A sieves because 
pore size limitations prevent adsorption of any but the lightest members of the family. As a 
consequence, 13X is the preferred adsorbent for complete sulfur removal from natural-gas 
streams. Existing commercial sulfur removal units treat natural-gas streams at flow rates rang- 
ing from 2 to over 200 MMscfd. Data on a large plant are given in Table 12-19. The presence 
of a trace of glycol, glycol degradation products, and absorber oil in the feed gas is noted as 
these heavy molecules affect both capacity (by coadsorption) and bed life (due to coke forma- 
tion). It is claimed that a properly designed molecular sieve, sulfur removal system will per- 
form for 3 to 5 years before new adsorbent is required (Conviser, 1965). 

Molecular sieves are very effective for H2S removal and can produce gas containing 
extremely low levels of this impurity. Since H2S is adsorbed more strongly than COz, the 
molecular sieves also offer the capability for selectively removing H2S from gas streams that 
contain both impurities. However, the process has not gained general acceptance because of 
the problem of disposing of the sulfur-rich regeneration gas. The problem has been bypassed 
in one process scheme that is applicable to cases where it is desired to leave part of the COz 
in the gas stream while removing essentially all of the H2S and water. This flow arrangement 
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Figure 12-30. Molecular-sieve gas purification plant. Automated three-tower system 
removes carbon dioxide and water from natural gas prior to liquefaction. Courtesy of 
Memphis Gas, Light and Water Division 

is shown diagrammatically in Figure 12-31 for a typical case. The gas feed to the dry bed 
and liquid absorption units is ratioed in such a manner that the final mixed product meets 
pipeline C02 specifications. The increased gas volume that results from leaving 3% C02 in 
the product gas provides a credit for gas sold on a volume basis. Use of the dry-bed adsorp- 
tion process on a portion of the gas has the further advantage of permitting the liquid 
absorber system to operate closer to maximum capacity, as a product gas which is slightly 
off specification with regard to H2S, and water can be tolerated for dilution with the very 
pure adsorber product. 

Molecular sieves have also found application for desulfurization of natural-gas feed to 
ammonia plants. Removal of all types of sulfur compounds ahead of these plants is desirable 
because sulfur acts as a temporary poison to steam-hydrocarbon reforming catalysts and a 
permanent poison to expensive low-temperature shift conversion catalysts. An installation 
employing a standard dual bed adsorption system has been described by Lee and Collins 
(1968). The authors also describe comparative tests of a molecular sieve and a commercial 
grade of impregnated activated carbon in a dual-bed mobile pilot unit. The test results indi- 
cated that the molecular sieve could treat 2 to 4 times as much gas per unit volume of adsor- 
bent as the carbon. The commercial plant consistently provided gas to the primary reformer 
containing less than 0.3 ppm (vol) peak total sulfur from a feed gas averaging about 0.6 ppm 



Table 12-1 9 
Design and Operating Data for Large Mercaptan Removal Plant 

Natural gas feed rate, MMscf/day 
Feed gas pressure, psig 
Adsorber description 

Diameter, ft 
Length, ft 
Bed depth, ft 
Adsorbent charge, (per vessel) lb 

Inlet gas composition 
Mercaptan and heavy sulfur, graindl00 scf as H2S 
Water, lb/Mscf 
Glycols, glycol degradation products, and absorber oil 

C4 hydrocarbons, % vol. 
H2S and C02 

CI ,  C2, C3, and N2 
Product gas, total sulfur, graindl00 scf as H2S 
Operating Cycle: 

200 
750 

(two horizontal vessels) 
6 
36 
3 

25,000 (Type 13X) 

2 
<7  

trace 
nil 

0.03 
balance 
<0.06 

Step Flow Direction Time 
1. purify Down 12 hours 
2. Hot purge (600°F) UP 8 hours 
3. Cool purge Down 4 hours 
Source: Conviser, 1965 

Figure 12-31. Combination molecular sieve-liquid absorbent process scheme for 
purifying carbon dioxide-rich natural gas. Data of Thomas and Clark (1967) 
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H2S, 0.7 ppm mercaptans, 1.6 ppm sulfides, and 1.2 ppm residual sulfides. In this applica- 
tion, the high-sulfur purge gas can be fed into the plant fuel system so that the sulfur is final- 
ly vented to the atmosphere as dilute sulfur dioxide. Although this disposal method is prefer- 
able to venting the original sulfur compounds, it is not broadly acceptable and constitutes a 
significant drawback to the process. 

Hydrogen Purification by Pressure Swing Adsorption (PSA) 

Although the pressure. swing cycle is not limited to hydrogen purification or to molecular 
sieve adsorbents, this combination represents the principal current gas purification use of the 
process. Air separation, another important application, is not considered a purification 
process and is, therefore, not treated here; however, it is adequately described in other texts, 
cg.,  Yang (1987). 

The PSA cycle operates between two pressures, adsorbing impurities at the higher pres- 
sure and desorbing them at the lower pressure with no temperature change except that due to 
the heat of adsorption and desorption. The absence of a heat requirement leads to a simple 
installation compared to a thermal cycle. This advantage is counterbalanced, however, by a 
greater gas loss due to the venting and low-pressure purge operations. 

PSA gas purification and separation operations can be categorized as equilibrium-based or 
diffusion-rate-based. Equilibrium-based separations, which are the most common, depend on 
the ability of the adsorbent to adsorb a greater quantity of “heavy” species than of ‘‘light’’ 
species at equilibrium. Diffusion-rate-based operations separate components because one 
species diffuses more rapidly than the other components. The performance of equilibrium- 
based systems can be predicted by relatively simple models, while the diffusion-rate-based 
systems require more complicated models to account for the effects of mass transfer within 
the individual adsorbent particles. 

Equilibrium-based models are described by Knaebel (1991), and Knaebel and Hill (1985). 
Diffusion-rate-based models are described by Farooq and Ruthven (1991) and Shin and 
Knaebel (1987). Equilibrium-based separations are generally capable of producing a higher 
purity product and are, therefore, used for gas purification applications; while PSA opera- 
tions based on diffusion rates are more often applicable to bulk separations such as the pro- 
duction of oxygen and nitrogen from air. 

The principle of the PSA process is illustrated by Figure 12-32 and Table 12-20. The par- 
tial pressures of adsorbed impurities are lowered by reducing the adsorber pressure from the 
high pressure of the feed gas to the low pressure of the tail gas, then further lowered by the 
use of a high-purity hydrogen purge. The relative strength of adsorption of typical impurities 
is given in the table. If adsorption is continued to breakthrough, the lighter impurities appear 
first, followed by the intermediate, and finally the heavier impurities. 

A minimum pressure ratio of approximately 4: 1 between adsorption and desorption pres- 
sures is normally required for hydrogen purification. According to Miller and Stoecker 
(1989), the optimum feed pressure for hydrogen purification units in refinery applications is 
200-400 psig. The product hydrogen from the PSA unit is available at pressures about 10 psi 
lower than the feed. The hydrogen fecovery in PSA units is typically 80 to 92% at optimum 
conditions and as low as 60% when the tail gas is delivered at a relatively high pressure (e.g., 
80 psig). Typically, the tail gas is used locally as low-pressure fuel. 

The performance of a simple PSA plant designed to produce high purity hydrogen from 
demethanizer off-gas is given in Table 12-21. The data indicate that a very high purity 



Figure 12-32. Generalized adsorption isotherms for heavy, intermediate, and light 
components showing effect of pressure swing on net adsorbate loading. From Haun et 
al. (1990) 

Table 12-20 
Relative Strength of Adsorption of Typical Impurities 

Non-adsorbed Light Intermediate Heavy 
H2 0 2  
He NZ 

Ar 

hydrogen is obtained, but Iess than 70% of the hydrogen in the feed is recovered as product. 
The waste gas can be recompressed and used as fuel, however. 

Hydrogen is commonly produced by steam reforming natural gas or naphtha in combina- 
tion with processes for purifying the reformer off-gas. Typically, the reformed gas is subject- 
ed to a water-gas shift reaction to produce crude hydrogen containing 75-80% Hz, 0.1-1% 
CO, 15-251 COz, 1-5% CH,, and a trace of N2 (dry basis) at a pressure of 150-350 psig. 
The use of PSA technology to remove the listed impurities plus water vapor has become the 
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Table 12-21 
PerformanceofPressureSwingAdmrptionProcess 

Feed Product Waste 

Flow, MMscfd I .2 0.5 0.7 

Composition, mol % 
Pressure, psig 200 198 2.0 

H2 61.1 99.999+ 33.3 
CH4 36.7 1 PPm 63.0 
C2H4 0.6 1 PPm 1 .o 
C2H6 0.1 1 PPm 0.1 
co 1.1 1 PPm 1.9 
N2 0.4 1 PPm 0.7 

Source: Stewart and Heck, I967 

state-of-the-art gas purification method. With a layer of activated carbon at the feed end of 
the adsorber to remove H20 and C 0 2  and a layer of 5A zeolite to remove CO and CH4 at the 
product end, a PSA system can produce 99.999% pure H2 with a recovery of 76.2% from a 
typical reformer process gas (Sircar and Kratz, 1988). 

The high purity of the hydrogen produced in a PSA system can result in side benefits in an 
overall hydrogen plant by, for example, reducing the need for gas recycle and purging. Hiller 
et al. (1987) performed an economic analysis of various approaches for producing hydrogen 
for refinery hydroprocessing applications. They conclude that substantial investment and 
operating cost savings are possible in a hydrocracker plant using 99.9% hydrogen from a PSA 
system compared to one using 97% hydrogen purified in an amine unitlmethanation system. 

Early work on the use of PSA processes for the purification of hydrogen was conducted 
by the Union Carbide Corporation, and the advanced technology that they developed is now 
licensed by UOP as the Polybed PSA Process. The process utilizes a relatively large number 
of adsorption beds (3 to 12) in a specific sequence of steps to provide improved separation 
efficiency (Fuderer and Rudelstorfer, 1976). The basic steps for hydrogen purification are 
described as follows (UOP, 1991A): 

1 .  Adsorption: High pressure feed gas is passed through the adsorber, impurities are retained, 
and pure hydrogen is withdrawn from the other end. 

2. Cocurrent depressurization: Feed is stopped and the unit is partially depressurized by 
removing gas through the product port. Hydrogen removed during this step is used to 
purge and partially pressurize another unit. 

3. Counter-current depressurization: The unit is further depressurized to its lowest pressure 
by removing gas through the inlet port. Part of the adsorbed impurities are removed during 
this step, and the gas removed represents a portion of the tail gas. 

4. Purge: Hydrogen in counter-current flow is used to purge the remaining impurities from 
the bed at low pressure. The effluent gas becomes part of the tail gas stream. 

5 .  Repressurization: Purified hydrogen, flowing in the counter-current direction, is used to 
repressurize the bed to the feed gas pressure level, completing the cycle and preparing the 
bed for step 1 .  
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The first U.S. Polybed PSA unit was started up in 1978 and gave an on-stream factor of 
0.999 during its first 14 months of operation (Heck, 1980). A comparison of the Polybed PSA 
process with a “conventional” process for producing hydrogen by naphtha reforming, reported 
by Heck and Johanson (1978), is summarized in Table 12-22. The indicated production costs 
are a strong function of the assumptions used in the evaluation, and would be less favorable 
for PSA if, for example, the cost of fuel is assumed to be significantly less than the cost of 
naphtha feedstock and if less credit is given for export steam. Of probably greater significance 
is the extremely high purity of the hydrogen produced by the adsorption process. 

The Polybed PSA process has been an outstanding success. The wide variety of applica- 
tions and the number of units operating on each feed source as of September 1989 are listed 
in Table 12-23. According to a report in the Gas Process Handbook (UOP, 1996), over 500 
Polybed PSA units were in operation or under construction at that time. A photograph of a 
large UOP Polybed PSA unit is shown in Figure 12-33. 

Numerous modifications to the basic PSA process have been proposed. In most cases, the 
changes consist of adding additional depressurization and pressurization steps to increase the 
recovery of hydrogen. A modification aimed at the simultaneous production of high purity 
hydrogen and carbon dioxide has been developed by Air Products and Chemicals (Sircar, 
1979). The process uses six parallel adsorbers (A beds) designed to selectively remove C 0 2  

Table 12-22 
Comparison of Polybed PSA (Pressure Swing Adsorption) Hydrogen Plant with 

“Conventional” Design 

Polybed PSA Conventional* 

costs: 
Total Installed Cost (1977 basis), $ Million 
Production Cost**, $/l,OoO scf H2 

Capacity, MMscfd contained H2 
Product Pressure, psig 
Hydrogen Purity, % 
Feedstock 

Feedstock, MM Btuh (low heat value) 
Fuel, MM Btu/h (low heat value) 
Boiler Feedwater, l b h  
Cooling Water, gpm (25°F rise) 
Electric Power, (kW) 
Export Steam, lb/h 

Design Basis: 

Feed and Utilities: 

16.5 
1.30 

50 
350 

99.999 
Naphtha 

796 
50 

157,500 
4,120 
730 

70,400 

16.0 
1.40 

50 
350 
97 

Naphtha 

533 
306 

63,800 
7,480 
920 

11,700 

*“Conventional” plant uses a liquid process for CO2 removal followed by methanation. 
**Based on feed and fuel, $2.50/MM Btu (low heat value); boiler feedwater, $0.20/1,000 lb; cooling 

water, $0.05/1,000 gal; electric power, $0.03/kWh; superheated HP steam, $3.50/1,000 lb; capital 
charges, 32%@ear of investment: and maintenance, 2%@ear of investment for PSA plant and 3% 
for conventional plant. 

Source: Heck and Johanson, 1978 
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Table 12-23 
Hydrogen Purification by Polybed PSA, Applications, September 1989 

I Feed Source Hz in Feed, 96 No. Units 

Steam reformer 
Refinery streams 
Ethylene offgas 

Partial oxidation 
MeOH offgas 
Chlorine offgas 
NH3 plant uses 
Styrene offgas 
Coke oven gas 
CO-SORB offgas 
Misc. offgas 
Total no. of units 

HZ, CO cold box 

64-96 
45-92 
35-95 
72-99 
54-94 
58-84 
98-99 
5 1-88 
79-88 
50-59 
43-93 
60-98 

123 
64 
50 
16 
11 
7 
9 

10 
9 

10 
6 

30 
345 

I From UOP (1991A) 

I 
Figure 12-33. Large UOP Polybed PSA Unit. Courtesy of UOP 
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and H20 from the feed gas and three parallel adsorbers (B beds) packed with an adsorbent 
that selectively removes COz, CO, C&, and Nz. One A bed and one B bed are operated in 
series during the adsorption step, but they undergo separate depressurization, rinse, purge, 
and repressurization cycles during subsequent operations. The exact cycle of six A bed steps 
and seven B bed steps is described by Sircar and Kratz (1988). Pilot plant tests indicated that 
the process is capable of producing ultra pure hydrogen (99.999%) at a recovery of 8 6 8 8 %  
simultaneously with pure carbon dioxide (99.4%) at a recovery of 90+%. Since most of the 
COz is recovered as a pure gas, the fuel gas byproduct is rich in CO, Cb, and H? and has a 
higher heating value than the fuel gas produced by “conventional” PSA plants. 

A non-hydrogen application of PSA technology is UOP’s NITREX process for removing 
nitrogen from natural gas. The process is suggested for small to moderate gas volumes con- 
taining 5 to 50% nitrogen. The product gas contains less than the 3% nitrogen required by 
some pipelines. Carbon dioxide and water vapor pass through the process and leave with the 
sales gas (UOP, 1993B). 

HYDROCARBON RECOVERY WITH SILICA GEL 

Silica gel can be used to recover hydrocarbons from natural gas; however, this use is 
declining in favor of continuous processes such as cryogenic condensation and absorption. 
The adsorption process is particularly applicable to lean gas streams containing relatively 
low concentrations of hydrocarbons heavier than propane. Dehydration is also accomplished 
during the process because of the greater affinity of silica gel for water compared to hydro- 
carbons. However, the hydrocarbons are normally present in higher concentrations than 
water; therefore, the silica gel bed adsorbs considerably more hydrocarbon liquids than water 
during each cycle. In view of its declining importance and the fact that hydrocarbon recovery 
is not considered to be primarily a gas purification operation, only a brief description of the 
silica gel adsorption process is presented. 

Since the hydrocarbons in natural gas are present in a continuous series with only slightly 
different volatilities between adjacent members of the series, no clear-cut breakthrough point 
is observed. As a result, somewhat more complex design procedures are required to optimize 
the bed size and cycle time than with single component adsorption units. Empirical design 
methods for both the adsorption and condensation steps have been developed by Humphries 
(1966). His correlations are based on a considerable amount of data obtained with a small 
three-tower test unit processing gas from the Lolita Field in Jackson County, Texas. Most of 
the test data were obtained with Sorbead H adsorbent. This adsorbent is a spherical silica gel 
base material very similar to Sorbead R (see dehydration), but with considerably larger pores 
to provide a greater capacity for liquid hydrocarbons. 

Silica gel adsorption plants are frequently operated with extremely short cycle times (as 
short as 20 minutes) in order to provide maximum hydrocarbon recovery. The effect of cycle 
time on recovery is illustrated by the data in Table 12-24 for a plant processing a gas con- 
taining 0.192 gal./Mscf of pentanes and higher hydrocarbons (Mobil Oil Corp., 1971). 

The operation of short-cycle units has been described in detail by Ballard in several papers 
(1963, 1965A, B). Many of the operating precautions that he mentions are applicable to 
solid-bed adsorption plants generally. 

1. An adequate inlet scrubber should be provided to remove all solids and free liquids from 

2. Inlet gas nozzles and/or baffle plates should be designed to prevent bed agitation at the top 
the incoming gas stream. 

of the tower. 
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7 ~ ~ 

32 10 
16 20 
8 30 
4 40 

Table 12-24 
E M  of Cycle Time on Recovery 

Cycle time, Hydrocarbon Recovery, 
hr galJMMscf 

3. A buffer layer equal to about 5% of the total bed volume should be used on top of adsor- 
bents which fracture in the presence of free liquids. The buffer particle density should be 
similar to that of the main bed. 

4. Gas flow through the bed should be held to about 50% of the design capacity for the first 
10 or 12 cycles to let the adsorbent cure properly. 

5. Rapid pressure changes should be avoided. Pressure reduction in particular can cause 
adsorbent breakage. 

The removal of organic vapors from air and other gases by active carbon is probably sec- 
ond in importance to dehydration as an industrial application of adsorption. Active carbon is 
the preferred adsorbent in this application because of its selectivity for organic compounds. 

The process is of particular importance in the removal and recovery of volatile organic 
compounds (VOCs) and the removal of obnoxious odors or other trace impurities from air 
streams in connection with air pollution control. It is used to a lesser extent to recover hydro- 
carbons from natural, manufactured, and coke oven gases, although this was formerly a 
major application. 

The use of active carbon to control VOC emissions is of increasing importance. Over 700 
plant locations employing adsorption systems are listed in a 1983 EPA report (Troxler et al., 
1983). This report covers full-scale activated-carbon vapor-phase adsorption applications 
and gives specific flow rates, chemicals adsorbed, and sources of emissions. A more recent 
report (EPA, 1988) presents detailed test data from 12 different sites that remove a wide 
variety of organic compounds. The report concludes that continuous removal efficiencies 
over 95% are achievable with the process. 

A comprehensive study of the costs of controlling emissions from 102 plants by carbon 
adsorption or catalytic incineration was conducted by Du Pont (Kittleman and Akell, 1978). 
Only sources emitting more than 3 l b h  were reported, and carbon adsorption was the method 
selected for 60% of the sources in the small (3  to 8 I b h )  and large (over 15 lbhr) categories 
and for 90% of the intermediate size sources. The study showed that the cost of abatement 
increased very rapidly (per lb of organic material recovered) as the size of the source 
decreased below about 100 I b h .  It was concluded that about 75% of the inventoried emis- 
sions came from sources that emit more than 500 Ib/hr, and these could be controlled (80% 
removal) for only about 10% of the cost required to control all of the inventoried sources. 

The term “active carbon” covers a multitude of carbon-based materials that possess 
adsorptive power. Many manufacturers of these materials refer to their products as “activat- 
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ed carbon,” and the two terms are considered synonymous and used interchangeably. The 
term “activated charcoal” is generally reserved for those carbons that are derived from 
woody materials. 

The gas-adsorptive properties of wood charcoal were recognized as early as 1773 by 
Scheele (Deitz, 1944); however, it was not until the middle of the nineteenth century that the 
property was utilized commercially. This application consisted of the use of charcoal air-fil- 
ters in the ventilation and disinfection of sewers (Stenhouse, 1961). The next major step in 
the development of active carbon for gas adsorption occurred during World War I, when the 
use of poison gas by the Germans made it necessary to develop a hard, granular carbon for 
gas-mask use. 

The principal operation in the manufacture of active carbon is the heating of carbon-con- 
taining material so that volatile components, either originally present or formed during the 
heating operation, are distilled off, leaving a highly porous structure. Source materials that 
have been used for the production of active carbon include bones, coal, coconut shells, cof- 
fee grounds, fish, fruit pits, kelp, molasses, nutshells, peat, petroleum coke, rice hulls, saw- 
dust, and wood of all types. The amount of activity developed by simple heating is depen- 
dent upon the composition and properties of the raw materials. With many substances, 
additional steps are required to obtain a highly active carbon. Two such methods, which have 
been used extensively, are the incorporation of chemical additives (particularly metallic 
chlorides) into the pulverized carbonaceous material before heating and the controlled oxida- 
tion of the char by using suitable oxidizing gases at elevated temperatures. 

Properties of Gas Adsorption Carbons 

In addition to a high degree of activity, special requirements must be met by gas-adsorp- 
tion carbons. They must possess sufficient strength to withstand abrasion, they must be 
available in granular form to provide low-pressure-drop beds, and they must be as dense as 
possible to minimize the adsorber-space requirement. 

Of the many carbonaceous materials that form active charcoal, only relatively few- 
coconut shells, fruit pits, and cohune and babassu nutshells-readily yield chars with all of 
the properties desired for gas-adsorbent use. Because of the limited supply of these materi- 
als, special preparatory treatments have been developed to enable other base materials to be 
used for gas-adsorbent carbon. In its most common form, the pretreatment consists of pul- 
verizing carbonaceous material, incorporating a suitable binder, and pelleting or extruding to 
form a dense, compressed material. ’I’he pellets or spaghetti-like extrusions are then car- 
bonized at temperatures from 700” to 900°C. Various types of wood and coal have been 
found to be suitable base materials, and materials such as sugar, tar, and lignin can be used 
as binders. 

As can be realized from the above discussion, active carbon is not a single, standardized 
adsorbent. Not only do carbons from different sources differ in appearance and adsorptive 
capacity, but also in selectivity for various gases. In general, however, for compounds of simi- 
lar molecular structure, the quantity retained on any active carbon will increase with increased 
molecular weight or critical temperature. These effects are illustrated in Figures 12-34 and 
12-35, which present adsorption isotherms for several hydrocarbons on a coconut-shell carbon 
(Columbia G grade activated carbon) and on a coal-base material (Lewis et al. 1950). The fig- 
ures show the coconut-shell carbon to have a higher capacity, although somewhat less selec 
tivity, for propane over ethane. Several exceptions to the molecular-weight, critical-tempera- 
ture rule are noted. Propylene is adsorbed more strongly than propane and 1-butene more 
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Figure 12-34. Adsorption isotherms for hydrocarbons on activated coconut-shell 
carbon at 25°C p F ) .  Data of Lewis eta/. (1950) 

PRESSURE, mm Hg 

Figum 12-35. Adsorption isotherms for hydrocarbons on coal-based activated carbon 
at 25°C (77°F). Data ofLewis eta/. (1950) 
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strongly than isobutane, both cases being in reverse order to molecular weight. Acetylene is in 
the c o m t  order relative to molecular weight, although it is out of place with regard to critical 
temperature. These exceptions illustrate an additional rule (which applies even more strongly 
to silica gel and some other adsorbents), that more unsaturated compounds are generally 
adsorbed more strongly than saturated ones with the same number of carbon atoms. 

Isotherms for three typical organic compounds (thiophene, toluene, and hexane) on Cal- 
gon type BPL activated carbon are given in Figore 12-36. Type BPL carbon is a coal-based 
adsorbent recommended for various gas phase applications such as solvent recovery, 
removal of organic sulfur compounds, and hydrocarbon recovery. 

Isotherms for organic compounds on activated carbon typically have a convex upward 
shape and approximately fit a curve known as the Freundlich isotherm, which has the follow- 
ing equation: 

w,=kPm ( 12-22) 

Where: we = equilibrium capacity, lb adsorbatellb carbon 
P = partial pressure of VOC in gas, psia 

k,m = empirical parameters 

Freundlich parameters for a number of typical VOCs are given in Table 12-25. These 
parameters are reported by Vatavuk et al. (1990) and are based on Calgon data (1980). They 
apply only to the indicated partial pressure ranges. Equilibrium capacity data outside these 
ranges and for compounds not included in the table can usually best be obtained from acti- 
vated carbon suppliers. 

1 I I 
I I 
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cARluLMESSUR€PSWCATM 

Figure 12-36. Adsorption isotherms for three organic compounds in air at 70°F and 
600°F on Calgon BPL carbon. Fmm calgon carbon l&p. (1987) 
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Adsorbate 

Table 12-W 
Freundlich Equation Parameters for Selected Adsorption lsothems 

Adsorption 
Temp. (“F) 

Benzene 
Chlorobenzene 

Dichloroethane 
Phenol 
Trichloroethane 
Vinyl Chloride 
m-Xylene 

Acrylonitrile 
Acetone 
Toluene 

Cyclohexane 

77 
77 

100 
77 

104 
77 

100 
77 
77 

100 
100 
77 

Isotherm 
Parameters 
k 

0.597 
1.05 

0.508 
0.976 
0.855 

1.06 
0.200 
0.708 
0.527 
0.935 
0.412 
0.55 1 

m 
0.176 
0.188 
0.210 
0.281 
0.153 
0.161 
0.477 
0.1 13 

0.0703 
0.424 
0.389 
0.110 

~ .. 
3. Equations should mt be extrapolated beyond the indicated ranges. 

Range of 
Isotherm 

(Pia) 
0.0001-0.05 
0.0001-0.01 
0.0001-0.05 
0.0001-0.04 
0.0001-0.03 
0.0001-0.04 
0.0001-0.05 
0.0001-0.001 
0.001-0.05 
0.0001-0.015 
0.0001-0.05 
0.0001-0.05 

A new form of carbon, activated carbon fiber (ACF), has recently been commercialized 
and shows great promise for VOC removal (Kenson, 1990). Beds of the material consist of 
mats of extremely fine, microporous, carbon filaments. The individual micropores extend 
inward from the fiber surface; whereas, in granular carbon the micropores are extensions of 
much larger macropores, which are in contact with the surface. Since solvent molecules do 
not have to diffuse through macropores en route to the final site of adsorption in the micro- 
pores in ACF, adsorption and desorption are much faster in ACF than in granular carbon. 
This allows the use of very short regeneration cycles for ACF (about 10 minutes) versus 
regeneration time of 30 to 60 minutes for granular carbon beds. 

ACF is claimed to be superior to granular activated carbon for adsorbing reactive com- 
pounds such as cyclohexanone and styrene for the following reasons: 

1. The low metals content of ACF results in low catalytic activity reducing the rate of reac- 

2. The thorough regeneration possible with ACF leaves only a small heel of solvent in the 

3. The small fiber diameter and low fiber density allow efficient removal of exothermic reac- 

tion of the solvent heel with air or steam. 

bed to react and build up heat. 

tion heat from the bed. 

The ability to operate with very short adsorption and desorption times allows ACF sys- 
tems to use small beds and short cycles and also makes it suitable for use in rotary devices 
where the bed moves from adsorption to desorption zones. A rotating adsorber using ACF, 
called the KPR system, is described in a later section of this chapter. 



1092 Gas Purijkation 

Standardized tests have been developed to aid in the evaluation of active carbons with 
regard to capacity for organic vapors, retentivity of the adsorbed vapors, service life, hard- 
ness, and other factors. The following tests are of particular value. 

Carbon Tetruchloride Activity. The numerical value obtained from this test indicates the 
adsorptive capacity of the carbon for concentrated organic vapors. It is obtained by measur- 
ing the quantity of carbon tetrachloride vapor adsorbed, at 25°C and 760 mm Hg, from air 
that has been saturated with carbon tetrachloride vapors at O"C, and is expressed as a per- 
centage of the original charcoal weight. 

Carbon Tetrachloride Retentivity. This factor represents the ability of a carbon to retain 
a previously adsorbed vapor. Its numerical value indicates the percent by weight of carbon 
tetrachloride remaining in the carbon (based on the weight of activated carbon) after blowing 
dry air at 25°C for 6 hr through the bed saturated from the activity test. 

Minute Service. This is a measure of the length of time during which a specified thin bed 
of active carbon will completely adsorb an organic vapor, preventing any breakthrough of 
the vapor through the carbon. The service life is measured with chloropicrin vapors under 
standardized test conditions. 

Hardness (C.W.S. ball-abrasion method). This is a measure of the resistance of activated 
carbon to mechanical breakage during handling and use. The value represents the percentage 
of 6- to 8-mesh carbon remaining on a 14-mesh screen after shaking with steel balls under 
specified conditions for 30 min. 

Typical test values and other properties of several grades of commercial activated carbon 
are presented in Table 12-26. 

Table 12-26 
Typical Properties of Commercial Activated Carbons 

Manufacturer 
Carbon Designation 
Base 

Total Surface Area, 
BET, m2/g, (typ.1 

Packed Apparent 
Density, glcc (typ.) 

Carbon Tetrachloride 
Activity, % 

Hardness, Ball 
Abrasion, 9% 

Moisture, % (max.) 

Total Ash, % (rnax.) 

Specific Heat, 
at 100°C 

Data provided by Calgo, 
bon, Inc. 

Calgon 
BPL 
coal 

1,050-1,150 

0.48 
62 

(min.) 

- 
- 

- 

Barnebey & Sutcliffe 
1261 AC 

coconut coconut 
shell shell 

Westates 
KF'601 VOCarb 

coal coconut 
shell 

0.48-0.50 0.50-0.54 
60 55-65 

97 95 
(min.) (tYP.1 

5 5 

(min.) 

5 5 

0.25 I -  - I -  - 
hrbon Corporation: Barnebey & Sutcliffe Corporation; and Westates Cai 

I, ioo 1,250 

0.40-0.41 0.47 
65 65 

(tYP.1 (tYP.) 
95 97 

(min.) (min.) 
2 2 

(max.) 
2 

(max .) 
- 
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VOC Removal and Solvent Recovery with Active Carbon 

In many industrial processes, relatively volatile organic solvents are used as carrier liquids 
and dissolving agents. During certain processing steps, these solvents are vaporized into the 
air. In many cases, the removal of vaporized solvent from the air and its recovery for reuse is 
an economic necessity. In other cases, its removal is desirable to prevent air pollution. Typi- 
cal commerical units are illustrated in Figures 12-37 and 12-38. Solvent-recovery processes 
are important in plants manufacturing cellulose acetate rayon, plastic-coated paper or cloth, 
plastic films, rubber products, and smokeless powder. They are also used in connection with 
such operations as solvent extraction, high-speed printing, painting and varnishing, and 
degreasing of metal parts. 

Some form of activated carbon is used in these processes rather than silica- and alumina- 
base adsorbents, because of carbon’s selectivity for organic vapors in the presence of water. 
Typical solvents, which can be recovered from air streams by activated carbon, include 
hydrocarbons such as naphtha or petroleum ether; methyl, ethyl, isopropyl, butyl, and other 
alcohols; chlorinated hydrocarbons such as carbon tetrachloride, ethylene dichloride, and 
propylene dichloride; esters such as methyl, ethyl, isopropyl, butyl, and amyl acetate; ace- 
tone and other ketones; ethers; aromatic hydrocarbons such as benzene, toluene, and xylene; 
carbon disulfide, and many other compounds. 

.rP- P 

Figure 12-37. Automatically operated package-type activated-carbon unit for gas 
purification or solvent recovery. Courtesy of Barnebey & Sutclifie Cop, 
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Figure 12-38. Large adsorption unit installed to recover acetone from acetate-yarn 
manufacturing operations. Outdoor installation was possible in this case because of 
the mild climate. This unit was preassembled in New Jersey, then dismantled and 
shipped in sections for reassembly at the site (Ocotian, Mexico). Courtesy of Union 
Carbide Gorp. 

Spivey (1988) points out that activated carbons are generally suitable for the following 
ranges of VOCs: 

1. VOCs with molecular weights between roughly 50 and 200 corresponding to boiling 

2. All aliphatic and aromatic hydrocarbons that fulfill the requirements of item 1, Le., carbon 

3. Most common halogenated solvents (subject to item l),  including carbon tetrachloride, 

4. Most common ketones (e.g., acetone, methylethylketone) and some esters (e.g., butyl and 

5. Common alcohols (ethanol, propanol, butanol). 

points between about 67" and 350°F. 

numbers between about C4 and CI4. 

ethylene dichloride, methylene chloride, perchlorethylene, and trichloroethylene. 

ethyl acetate). 

Several types of organic compounds are not suitable for adsorption in conventional acti- 
vated carbon systems. These can be categorized as follows (Spivey, 1988): 

1. Compounds that react with carbon or with the steam used for regeneration, Le., organic 
acids such as acetic acid, aldehydes such as formaldehyde, some ketones such as cyclo- 
hexanone, some easily hydrolyzed esters such as methyl acetate, and some easily 
hydrolyzed halogenated hydrocarbons such as ethyl chloride. 
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2. Compounds that polymerize on the carbon. 
3. High molecular weight compounds that are difficult to remove such as plasticizers, resins, 

heavy hydrocarbons, phenols, glycols, and amines. 

In some cases, process modifications can be made to accommodate the compounds listed 
previously as unsuitable. These include the use of vacuum regeneration to remove high mol- 
ecular weight compounds from the carbon and the use of a hot inert gas instead of steam to 
permit the adsorption of readily hydrolyzable compounds. Another approach is to use special 
adsorbents, such as activated carbon fibers, which are less subject to the listed problems. 

Many carbon adsorption systems for VOC removal are installed for the specific purpose 
of air pollution abatement rather than solvent recovery. Examples of such systems are adsor- 
bers that purify the exhaust air from sewage treatment units and those that purify the exhaust 
from stripping columns that use air to remove VOCs from water. In these systems the spent 
carbon may be discarded, returned to the manufacturer for high temperature regeneration, or 
regenerated without solvent recovery. It is not uncommon for the activated carbon to be 
regenerated by purging with hot air to produce a VOC-containing gas, which is much more 
concentrated than the original exhaust stream. The concentrated exhaust can then be inciner- 
ated at lower cost than incineration of the entire original exhaust stream. 

Process Description 

A flow diagram of a typical solvent recovery plant is shown in Figure 12-39. As in dehy- 
dration, two adsorbers are normally used, with one adsorbing while the other is being regen- 
erated. Regeneration is accomplished by passing low-pressure steam upward through the 
bed. The steam raises the temperature of the bed, reducing its equilibrium capacity for the 
adsorbed vapors, provides latent heat of vaporization for the solvent, and acts as a stripping 
vapor to reduce the partial pressure of solvent in the vapor phase. The steam passes out of 
the vessel with the desorbed solvent, and both are then condensed to permit solvent recovery. 

In the flow diagram shown, steam and solvent vapors discharged from the adsorber being 
regenerated are condensed in a water-cooled heat exchanger, the condensate is collected in a 
separate vessel, and the solvent, which is insoluble in water, is decanted and returned to the 
process. When the solvent is partially or completely soluble in water, a more elaborate sepa- 
ration step is required. This step, which usually includes distillation, must, of course, be 
designed for the specific separation involved. 

VAPOR 
AIR 
- UOEN 

ADsmER 
COOLER- 
FILTER 

BLOmR I 

Figure 12-39. Flow diagram of typical solvent recovery plant. 



Some steam is condensed and adsorbed in the bed during the stripping operation, and this 
quantity of water must be removed from the bed before the next regeneration cycle in order 
to prevent a buildup of water in the adsorption bed. With carbons that have a high, selective 
adsorption capacity for the solvent in the presence of moisture, this excess water can be 
removed during the adsorbing period by vaporization into the air that passes through the bed. 
If the solvent is not adsorbed strongly in the presence of water, it is necessary to dry the bed 
between regeneration and adsorption cycles. This may be accomplished by passing dry air 
through the bed for a short period of time. 

The vapor-laden air feed to the system is usually filtered at the inlet of the recovery plant 
to prevent dust or other particulate matter from entering the activated carbon bed. The con- 
centration of solvent vapors in the air entering most solvent recovery units ranges from about 
% to 2 lb/cu ft. With flammable solvents, fire-hazard considerations limit the maximum 
allowable solvent concentration. This should be less than 50% of the lower explosive limit 
(LEL) when continuous monitoring is used, and less than 25% of the LEL when intermittent 
monitoring is employed (Parsons, 1988). Data on LEL for organic compounds are available 
from the Underwriters’ Laboratories, Inc. Values for common solvents in air are given in 
Chapter 13 (Table 13-4). 

Special care must be taken in the design and operation of adsorption units handling ketone 
solvents, such as methyl ethyl ketone (MEK), methyl isobutyl ketone (MIBK), and cyclo- 
hexanone, because of their reactivity in the presence of activated carbon. Traces of metal 
compounds in the carbon act as catalysts for decomposition reactions, which are further 
accelerated by the presence of heat and moisture. The decomposition reactions are exother- 
mic and if allowed to continue can cause “hot spots” in the bed and ultimately fires. Accord- 
ing to Collins (1988), ketone adsorption and recovery can be accomplished safely if these 
guidelines are followed: 

1. Humidity levels should be maintained in the range of 4040% to provide sufficient mois- 
ture in the carbon to dissipate ketone reaction heat. Extended adsorption cycles, which 
might dry the bed excessively, should be avoided. 

2. Air and steam should be uniformly distributed to avoid the accumulation and retention of 
solvent in one portion of the bed. 

3. A separate cooling cycle should be used to cool and condition the carbon bed after regen- 
eration with steam. 

4. Instrumentation should be installed to provide an alarm signal in case of high bed temper- 
ature. Carbon monoxide monitoring of the effluent gas is also useful to detect the occur- 
rence of oxidation. The alarms should activate systems that deluge the bed with water, iso- 
late the affected vessel, and shut down appropriate equipment. 

According to Browning (1952). the overall recovery efficiency of such systems is usually 
between 80 and 95%, depending primarily upon the effectiveness of the design of the hoods 
and vapor-collection systems. However, 99% (or more) of the solvent that enters the adsorp- 
tion plant is recovered. 

Where a very high efficiency of solvent recovery is desired, series operation of the adsor- 
bers is recommended. In this arrangement, four adsorbers are typically employed. At any 
time in the cycle, one of the four adsorbers will be undergoing regeneration while the other 
three are in air-purification service. Two of these are used to purify separate portions of the 
air stream in parallel, and the third adsorber is used in series behind the most nearly spent 
adsorber. This permits each adsorber to be operated until it actually passes some solvent and 
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thus acquires a higher solvent charge than would be possible if it were taken off stream 
before any solvent appeared in the product air. This type of series operation reportedly 
results in a solvent-recovery efficiency of 99.7 to 99.8% of the solvent in the entering air 
(Browning, 1952). 

Two adsorption process modifications have been proposed by Mattia (1970A) for applica- 
tion to contaminated air streams in which the organic vapor concentrations are too low to be 
recovered economically by conventional means. Both techniques involve passing the con- 
taminated air through a bed of active carbon as the primary gas-purification step. They differ 
from conventional systems, however, in the carbon regeneration step. In one version, called 
the Zorbcin Process (Mattia, 1969), regeneration is accomplished by blowing hot air through 
the bed. A blowdown stream of the regeneration air is passed to an incinerator (either ther- 
mal or catalytic) where the stripped organic vapor is burned and a hot flue gas is produced. A 
regulated amount of this hot flue gas is returned to the regeneration cycle to provide heat for 
regeneration. A small amount of natural gas is also burned in the incinerator to provide the 
initial heat requirements. 

In the second process modification (Mattia, 1970B), solvents contained in the stripping 
gas from the primary adsorbers are recovered by passing the gas through a secondary adsor- 
ber. In this case, heat is provided for regeneration of the primary adsorbers by passing a por- 
tion of the recirculating gas stream through a fired heater. The secondary adsorber is regen- 
erated by passing steam through the bed, and the solvents are recovered by condensing the 
steam-solvent mixture and separating the solvent by decantation or distillation. 

A third process modification, based on the use of vacuum to aid regeneration, has also 
been described (Pannele et al., 1979); (Kenson, 1979). Vacuum regeneration can be cost 
effective when conventional steam injection causes a corrosion problem or when the 
absorbate may undergo polymerization or reaction due to the high temperature or presence 
of water during steam regeneration. Vacuum-stripped carbon adsorption systems have been 
used for a wide variety of industrial emission sources, including plants manufacturing house- 
hold products, magnetic tape, pharmaceuticals, and polymers. In one system, controlling 
emissions from a pill-coating operation, the bed is heated to -65°C by a combination of con- 
vective heating using a preheated gas stream and conductive heating from elements embed- 
ded in the carbon, and regeneration is accomplished by subjecting the heated bed to a 1 mm 
Hg vacuum. The desorbed organics are removed from the adsorber by a closed-loop purge 
gas stream that is passed through a refrigerated condenser and returned to the adsorber. The 
condensed organic liquid is collected in a condensate recovery tank. 

In many solvent recovery systems, adsorption represents only one step in a complex 
series of chemical engineering operations. The design of a complete system for recovering 
methylene chloride and methanol from air emitted from a dryer in a resin processing plant 
has been described by Drew (1975). The overall solvent recovery system includes a water 
scrubber to remove resins and cool the air to 100°-1 10°F; a standard 2-bed carbon adsorber 
unit designed for 95% solvent removal efficiency; a condenser and decanter to handle the 
vapors that are stripped from the carbon by steam; an extraction column in which water is 
used to remove the water soluble methanol from the methylene chloride phase; a stripping 
column to remove dissolved methanol and methylene chloride from the waste water; and a 
drying column to remove water from the recovered methylene chloride. These items of 
equipment and operations are representative of those required for complete solvent recov- 
ery systems; however, each system must, of course, be tailored to the properties of the spe- 
cific solvent involved. 
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Design Approach. Design of a fixed-bed adsorption system for removing VOCs from an 
exhaust gas normally includes the following steps, although not necessarily in the order given: 

1. Select an adsorbent. This can best be accomplished on the basis of operating experience 
with similar systems and vendor recommendations for the specific VOCs and conditions 
involved. 

2. Calculate the required bed area. This is based on the volume of gas to be treated and a 
selected superficial gas velocity. A lower limit of 20 Wmin. is suggested to assure proper 
air distribution (EPA, 1988). Typical velocities are between 50 and 100 ft/min. Several 
beds operating in parallel may be required to provide the calculated area. 

3. Select an appropriate bed depth. Typical depths are in the range of 1.5 to 3.0 ft. An adequate 
depth is needed to assure that the MTZ, which is usually on the order of 3 in. deep (EPA, 
1988), occupies only a small fraction of the total bed. The maximum bed depth of 3.0 ft is 
based on pressure drop considerations and much higher values can be used if required. 

4. Establish an overall adsorption-desorption cycle. Steps 2 and 3 give a preliminary value 
for the volume of adsorbent required in the adsorption step. The time available for adsorp- 
tion is equal to the net working capacity of this quantity of adsorbent (lb adsorbate) divid- 
ed by the amount to be removed from the gas (lb adsorbate per hour). Typical adsorption 
times range from 1 to 12 hours. In a two-bed system, the minimum adsorption time is that 
required for regenerating the other bed. The regeneration period must normally include 
time for heatup, steam purging, cooldown and drying, and standby to allow for valve 
switching and a margin of safety. The total time required is typically 1 to 2 hours. 

In a multi-bed system, the relationship between the number of beds adsorbing (NJ; the 
number desorbing (Nb); and the times required for each operation (ta and tb, respectively) 
is as follows (Vatavuk et al., 1990): 

( 12-23) 

For example, in a system of seven beds (six adsorbing and one being regenerated), if an 
eight-hour adsorption time is desired, it is necessary that the bed being regenerated com- 
plete the entire procedure (desorption, cooling, and standby) in less than 1% hour (8 x X).  
Since the frequency of regeneration affects the life of the adsorbent, it has been suggested 
that the optimum regeneration frequency for systems treating gas streams with moderate 
to high VOC loadings is once every 8 to 12 hours (Vatavuk et al. 1990). 

5. Adjust the preliminary bed area and depth estimates to provide acceptable vessel sizes and 
cycle times. 

6. Estimate the steam requirement for regeneration. Typical steam requirements are in the 
range of about 1.5 to 6 pounds of steam per pound of adsorbate removed, although values 
below 1.0 and above 20 have been noted (Nelson et al., 1984). The amount of steam 
required depends primarily on the size and loading of the carbon bed. Large beds with 
high loading require the least steam per pound of adsorbate. However, it also depends 
upon the type of VOC adsorbed, the degree of regeneration desired, and other factors. 
Vatavuk et al. (1990) recommend that a value of 3.5 lb steamllb of adsorbed VOC be used 
for preliminary estimates. 

7. Design the overall system, including vessels, intemals, fans, pumps, condenser, decanter, 
instrumentation, ductwork, and piping. 
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Carbon 
mesh size 

Adsorption Vessels. Activated carbon beds are normally contained in horizontal, cylindri- 
cal vessels for large plants and in vertical vessels for smaller installations. Downflow of the 
gas being purified is employed to minimize movement of the adsorbent (which is relatively 
light). The granular carbon is normally supported by structural members and a screen. The 
screen size recommended by one manufacturer for various mesh sizes of carbon is presented 
in Table 12-27. 

The quantity of carbon required depends on the cycle time and the working capacity of the 
adsorbent. The working capacity is the net amount of VOC adsorbed per pound of carbon 
per cycle. It is essentially the equilibrium capacity at adsorber inlet conditions corrected for: 
(1) the “heel” of adsorbate remaining on the carbon after regeneration, (2) the loss of capaci- 
ty with time until the carbon is replaced, and (3) the portion of the bed at the exit end, which 
cannot be allowed to attain equilibrium loading due to the presence of the MTZ and any mar- 
gin of safety. Values for the working capacity are best obtained from operating experience 
with similar systems; however, if no data are available, Vatavuk et al. (1990) suggest using a 
value of 50% of equilibrium capacity at the adsorber inlet. 

The capacity of activated coconut-shell charcoal for several common VOCs is indicated by 
the data of Table 12-28. The values given, which are based on the data of Lamb and Coolidge 
(1920), do not represent complete equilibrium, but are very close to it for the conditions 0°C 
(32°F) and 10 mm Hg pressure of solvent vapor over the carbon. More detailed data for one 
of the solvents (benzene) are presented in Figure 12-40 to illustrate the typical effects of the 
partial pressure of the solvent and the temperature on the quantity adsorbed. The two upper 
curves represent adsorber operating conditions and the two lower curves represent conditions 
during regeneration. Adsorption isotherms for other VOCs have generally similar shapes as 
discussed in the previous section entitled “Properties of Gas-Adsorption Carbons.” 

When the gas contains several species of VOC, the more strongly adsorbed will displace 
less strongly adsorbed compounds during the adsorption cycle, and, as a result, several mass 
transfer zones will move through the bed. It is necessary to size the bed on the basis of its 
capacity when the leading MTZ reaches the end of the bed and breakthrough of this compo- 
nent would occur. 

In most installations, the beds are switched at the end of each cycle by automatically oper- 
ated valves. The cycle time may be based on a fixed period, which is known to be adequate 

Screen specifications 

Mesh in. in. 
Wire diameter, Opening, 

Table 12-27 
Screens Recommended for Support of Granular Activated Carbon 

0.035 
0.028 0.055 

8 x  12 0.025 0.046 
10 x 20 0.014 0.0277 
12 x 30 0.012 0.0166 

Courtesy of Barnebey & Sutcliffe Corp. 
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Table 12-28 
Carbon Capacity and integral Heats of Adsorption for Organic Compounds 

I----- Compound 

Ethyl chloride 
Carbon disulfide 
Methyl alcohol 
Ethyl bromide 
Ethyl iodide 
Chloroform 
Ethyl formate 
Benzene 
Ethyl alcohol 
Carbon 

Diethyl ether 
tetrachloride 

on Activated Coconut-shell Charcoal 

Formula 

Solvent adsorbed (0°C and 
10mmH 

ml gadg* 

109 
125 
110 
92 

106 
92 
97 
97 
- 

78 
84 

vapor pressure) 
lb/lOO Ib carbon 

31 
43 
16 
45 
74 
49 
32 
34 
- 

54 
28 

~ 

*Gas volume measured at standard condition (0% 760 mm Hg). 
iEquivalent to a solvent concentration of 44.6 ml gadg carbon. 
Source: Based on data of Lamb and Coolidge (1920) 

Integral heat of 
adsorption (1 g-mole 
of solvent on 500 g 

of carbon at O'Ct), ca 

12,000 
12,500 
13,100 
13,900 
14,000 
14,500 
14,500 
14,700 
15,000 

15,300 
15,500 

O f 2 3 4 5 6 7 8 9 1 0  
PARTIAL PRESSURE OF BENZENE,MM 

Figure 12-40. Equilibrium capacity of activated coconut-shell charcoal for benzene. 
Gas volume measured in ml at standard conditions (O'C, 760 mm Hg); charcoal 
outgassed at 550°C before tests. Data of Coolidge (1924) 



Gas Dehydration an$ Purification by Adsorption 1101 

to prevent VOC carry-through with the air stream, or may be varied to accommodate differ- 
ing conditions. In one arrangement, a vapor detector is installed to monitor air discharged 
from one portion of the carbon bed so that a cycle change can be made when the bed is fully 
charged with adsorbate (Ray and Lagan, U.S. Patent 2.21 1,162). Where an occasional trace 
of VOC can be tolerated in the outlet gas stream, a continuous monitor of the product gas 
can be used to take the adsorber off line when a specified concentration is reached. The 
advantage of using continuous impurity monitors to determine cycle times is that they permit 
full utilization of bed capacity and result in less frequent regeneration with a corresponding 
increase in bed life. 

Air Velocity and Pressure Drop. The cost of power to move air through the system con- 
stitutes one of the major operating expenses of active-carbon, solvent-recovery installations. 
In view of this, it is imperative that pressure drop through the beds be kept to a minimum, 
and adsorbent depths greater than about 3 ft are seldom used. The pressure drop can be esti- 
mated by the use of generalized correlations (see Figure 12-13, page 1001); however, since 
these units are normally operated with the same gas (air), at approximately the same temper- 
ature and pressure (atmospheric), specific pressure-drop correlations can be conveniently 
used. Figure 1241 presents pressure-drop data for activated carbon of various particle-size 
grades (based on Tyler-screen cuts) with atmospheric air at 70"F, flowing downward. Pres- 
sure drop data for natural gas flowing through Calgon BPL, 4 x 10 mesh carbon at 70"F, and 
various pressures are given in Figure 12-42. Recommended maximum downflow and 
upflow velocities for natural gas flowing through Calgon BPL, 4 x 10 mesh carbon, as a 
function of pressure, are given in Figures 1243 and 12-44. Curves are presented for opera- 
tion at 70°F. representing adsorption conditions, and 600"F, representing regeneration with a 
hot inert gas (Calgon Carbon Corporation, 1987). The maximum allowable velocity to pre- 
vent attrition is sometimes estimated from the correlation of Ledoux (1948) (equation 12-14, 

3.0 5.0 10 20 50 100 200 300 
SUPERflCtAL VELWITY -FEET PER MMUTE 

Figure 12-41. Presswe drop through dry-packed activated-carbon beds for air flowing 
downward at 1 atm pressure and 70°F. Union carbide &@. 
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SUPERFICIAL MLOCITY-M./S. 
0.01 0.01 1.0 

Figure 12-42. Pressure drop vs. velocity for natural gas flowing through Calgon BPL 4 
x 10 carbon. Molecular weight of gas = 18.35; temperature = 70°F. Calgon Carbon 
COT. (1987) 

page 1010) for the case of upflow gases. This equation can also be used as a guide for the 
downflow case. A more practical limitation is to control the velocity so that the pressure 
drop through the bed does not create a pressure at the bottom layer of adsorbent greater than 
that required to cause breakage of individual particles. 

Heat Effects. As described in the preceding section for the case of dehydration, heat is 
evolved when a vapor is taken up by an adsorbent. For the case of organic-vapor adsorption 
on active carbon, this heat of adsorption cannot be assumed to be equal to the heat of con- 
densation from vapor to liquid phase, although in general, compounds with high heats of 
condensation (or vaporization) also have relatively high heats of adsorption. The initial por- 
tion of a vapor adsorbed on carbon has the highest heat of adsorption, and thereafter the heat 
of adsorption normally drops somewhat for each increment as additional quantities are 
adsorbed. The heat of adsorption for a small increment of vapor at a constant concentration 
in the carbon is called the differential or instantaneous heat of adsorption, and the heat quan- 
tity evolved between two adsorbate concentrations is known as the integral heat of adsorp- 
tion. This latter value is of more interest for engineering calculations and is most commonly 
measured with an initial adsorbate concentration of zero. Typical integral heat-of-adsorption 
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RECOMMENDED MAXIMUM DOWNFLOW VELOCITY - 0 7 
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Figure 12-43. Recommended maximum downflow velocity as a function of pressure for 
natural gas flowing through Calgon BPL 4 x 10 carbon at 70°F and 600°F. Calgon 
Carbon Corp. (1987) 

RECOMMENDED MAXIMUM UPFLOW VELOCITY 
AT QlVEN SYSTEM PRESWREII THROUQH 

CALQON CARBON TYPE BPL 4 x 10 CARBON 
FOR NATURAL QAS (MW 18.35) - 0.3 

VI 
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1 
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< 

GAS PRESSURE. ATM 

- 1  
0 l h A & & & & 7 b & & l &  

OAS PRESSURE. PSlG 

Figure 12-44. Recommended maximum upflow velocity as a function of pressure for 
natural gas flowing through Calgon BPL 4 x 10 carbon at 70°F and 600°F. Calgon 
Carbon Cop. (1987) 
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values for organic compounds are presented in Table 12-28, which is based on the data of 
Lamb and Coolidge (1920). 

As solvent is adsorbed, the heat of adsorption causes the temperature of the carbon to rise 
in the active adsorption zone. This heat is transferred to the gas, which carries it further into 
the bed, raising the temperature of the carbon in advance of the adsorptive wave, and partial- 
ly cooling the air stream. The hot zone thus proceeds through the adsorption bed, ultimately 
causing an appreciable increase in the temperature of the exit gas and a corresponding 
decrease in capacity over that which would be obtainable under isothermal conditions. Loss 
in capacity due to this effect can be minimized by evaporating water from the carbon during 
the adsorption cycle. Since steam is normally used for regeneration, the regenerated carbon 
is saturated with water. When adsorbing solvents that readily displace water frum carbon, a 
sufficient cooling effect is often obtained to make a precooling period unnecessary. During 
the regeneration cycle, low-pressure steam is passed through the carbon bed for a period of 
15 to 60 min. The initial portion of steam serves primarily to raise. the temperature of the car- 
bon bed to the regeneration temperature and is condensed in the process. Some additional 
steam is condensed to provide heat of desorption for the adsorbed solvent, and the remainder 
of the steam serves as stripping vapor to lower the partial pressure of the solvent in the vapor 
phase and to purge the solvent vapors from the system. 

According to Ray (1940), the quantity of steam required for regeneration in a well- 
designed system ranges from 3 to 5 lb s teadlb solvent recovered. Steam consumption repre- 
sents a major cost in the operation of activated carbon adsorption systems for solvent recov- 
ery, and techniques have been developed to reduce steam usage. In one large plant, for 
example, the hot mixture of steam and solvent vapor, which comes off the bed during the 
desorption step, is used as the heat source in a low-pressure falling film evaporator. Low- 
pressure steam generated in the evaporator is combined with fresh boiler steam in a thermo- 
compressor unit to increase the amount of available steam for desorption. This technique has 
reduced net steam consumption from 4.5 to 2.7 lb steam per lb solvent. The carbon bed sys- 
tem recovers about 6,000 tondyear of toluene at a large printing plant. Solvent-laden air, 
averaging about 1,500 ppmv toluene, is filtered and cooled to 85°F before entering the car- 
bon beds where more than 95% of the toluene is removed. The beds cycle roughly 4,400 
timedyear and require about 7,466 lb of fresh steam per cycle with the new system (Dedert 
Corporation, 1991). 

Opemting Data 

Detailed operating data for a number of solvent recovery plants are given by Nelson et al. 
(1984), and in EPA Report 450/3-88-012 (1988). Although a wide range of operating condi- 
tions and performance characteristics were observed, both publications conclude that if a 
system is designed and operated correctly and the carbon is replaced when necessary, 95% 
removal or greater can be achieved on a continuous basis. 

The useful life of a carbon bed cannot usually be predicted with certainty. It is affected pri- 
marily by the presence of dust or other essentially nonvolatile impurities in the gas and by the 
nature of the solvent being adsorbed. The EPA Report (1988) estimates the following bed 
lives for 98% removal efficiency-10 years for a 95% toluend5% hexane mixed solvent, over 
6 years for a 50% toluene/50% isopropanol mixture, 5 years for methyl ethyl ketone, and less 
than 5 years for a mixture containing cyclohexanone and methyl ethyl ketone. 

Nelson et al. (1984) present operating data for six adsorption systems (selected from more 
than fifty) which represent a variety of industries and solvents. Most of the sites were visited 



Gas Dehydration and Purification by Adsorption 1105 

(and tested) twice to observe the effect of age on performance. Ten sets of data are present- 
ed. Selected data from four of the data sets (two sites) are summarized in Table 12-29. 

In most cases, the changes in performance observed between the first and second tests 
were attributed to factors other than carbon degradation. However, the observed change for 
plant 2 is believed to be due to degradation because the efficiency increased to over 98% 
when the carbon was replaced immediately after the second test. The results, therefore, indi- 
cate a useful life of about 4 years for carbon operating under the conditions of plant 2. 

The observed steam consumption in the tests of Table 12-29 range from 5.2 to 15 Ib 
steam per lb solvent recovered, which is considered somewhat high for well-designed and 
operated plants. In the full series of tests reported by Nelson et al., steadsolvent ratios 
ranged frum slightly less than 1.0 to about 20 Ib/lb. Steam temperatures ranged from 230" to 
300"F, and steaming periods from 25 to 55 minutes. 

The steam consumption and other utility requirements of a commercial acetone-recovery 
installation are given by Ray (1940). In this plant, 4 lb of steam are used per pound of ace- 
tone recovered, and an acetone-water condensate is obtained which averages 20 to 33% ace- 
tone. A portion of the steam is required to distill this mixture. This plant also uses 8.75 gal. 
of cooling water (at 55°F) and 0.082 kwhr of electricity per pound of solvent. Moffett (1943) 
reports that 3.5 to 4.3 Ib of 5-psig steam are required, per pound of recovered solvents, in a 
plant recovering solvents from printing operations at the New York Daily News Rotogravure 
printing plant. This steam consumption apparently also includes the amount necessary to 
recover the solvent dissolved in the water layer discharged from the decanter. The plant 
recovers over 300,000 gal./year of ink solvent. In addition to the steam requirement, the 
plant uses approximately 10 gal. of cooling water (at 70°F) and 0.13 to 0.17 kwhr of electric- 
ity per pound of recovered solvent. 

~ ~ 

Table 12-29 
Perfonname of Typidl Carbon Adsorption Systems for Solvent Recovery 

Plant number 

Test 
Solvent 

Inlet air flow, scfm 
Inlet solvent conc., ppmv 
Adsorption time, min. 
Desorption time, min. 
Steam/solvent, lb/lb 
Carbon age, years 
VOC control efficiency, % 
Capital cost, $/scfm 
Total cost, $/lb solvent 

2 
orig. 

50THFl 
5OTol. 
9,800 
1,470 
64 
32 
5.2 
2.0 

99.7 
51 

0.28 

Repeat 
75THFl 
25Tol. 
9,500 
1,140 
65 
32 
6.5 
3.8 

95.2 

5 

orig. 
Tol. 

9,100 
1,940 
150 
50 
8.2 
5.0 
98.6 

Repeat 
Tol. 

7,800 
896 
200 
40 
15 
6.5 
80.5 

24 
0.09 

Notes: THF = Tetrahydrofiran, Tol. = Toluene, Ib solvent =pounds of solvent recovered. 
Datafrom Nelson et al. (1984) 
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At the Ford Motor Company’s spark plug plant in Fostoria, Ohio, trichloroethylene vapor 
in the air from degreaser units is recovered by adsorption on activated carbon. Two 72411.- 
diameter adsorbers are used, each containing 1,500 lb of carbon pellets. The system is 
reported to be capable of recovering 400 to 450 gal. of liquid trichloroethylene per day with 
a collection efficiency of over 90%. Operating costs were only about 3% of the value of the 
recovered solvent (Anon., 1969). 

Data on European practice for solvent recovery in the printing industry are presented by 
Benson and Courouleau (1948), who discuss the Acticarbone process of the Parisian concern 
Carbonisation et Charbons Actifs. A flow diagram for a typical application of this process, 
employed to recover a mixed solvent containing 40% toluene, 14% butyl acetate, and 46% 
ethanol from printing-plant exhaust air is shown in Figure 12-45. Operating data for the 
installation and typical design ranges are given in Table 12-30. 

Waste treatment systems can emit significant quantities of VOCs to the atmosphere and 
activated carbon is often used to control such emissions. The results of a pilot plant program 
conducted on air emissions from a covered activated-sludge unit are reported by Keener et 
al. (1988). The tests showed that carbon loading decreases with increasing relative humidity, 
increasing gas velocity, and decreasing bed height. Operating ranges included bed heights 

I 
Figure 12-45. Flow diagram for Acticarbone process of Carbonisation et Charbons 
Actifs (a Parisian concern). This installation recovers a mixed solvent containing 
toluene, butyl acetate, and ethanol from a printing-plant air stream. From Benson and 
Courouleau (1948) 
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Table 12-30 
Typical Operating Data and Ranges of Process-design Factors for Acticarbone 

Process Solvent-adsorption Plants 

Operating data: 
Air rate to adsorbers (2 in parallel), scf/min. 11,Ooo 

0.43 
90 

Solvent content of air feed, IbMscf 
Air temperature at adsorber inlet, "F 
Steam rate to adsorber being regenerated, I b h  
Steam/solvent ratio 
Time cycle for each adsorber: 

Adsorption, hr 
Steaming, min 
Drying [with hot (22O"Fl air), min. 

1,800 
3 5 1  

2 
30 
15 

Cooling (with cold air), min. 15 
Typical range of design factors: 

Solvent adsorbed by activated carbon per cycle, % by wt 
Solvent concentration in air stream, 1bMscf 
Power required, kwhr/lb of solvent recovered 
Cooling water, gal.flb of solvent recovered 
Steam, Ib/lb of solvent recovered 

10 to 14 
0.3 to 0.5 

0.10 to 0.15 
7 to 10 
3.5 to 5 

Activated carbon, ib/ton of solvent recovered 0.5 to 1 
Source: Benson and Courouleau, 1948 

from 8 to 24 inches, superficial gas velocities of 50 to 100 fpm, relative humidities of 40 to 
80%, temperatures of 65" to 80"F, and inlet impurity concentrations of 21 to 83 ppm (total 
VOCs). Removal efficiencies were generally over 90% and breakthrough times were as long 
as 140 hours; however, VOC loading on the carbon was quite low, normally less than 10 
lb/100 Ib. 

Activated carbon is also used to control emissions from stripping columns in which air is 
used to remove hydrocarbons from ground water. Typically, such exhaust air streams contain 
less than 100 ppmv VOCs and are saturated with water vapor. It is necessary to reduce the 
relative humidity before effective adsorption is possible. According to Valentin (1990), the 
air or gas should usually have a relative humidity not significantly above 80% for the 
adsorption of odor-causing organics. If it is higher, slight heating will bring down the rela- 
tive humidity to an acceptable level without significantly reducing bed capacity. The operat- 
ing temperature should not be above about 100°F and preferably should be below 80°F. 

The major operating problems encountered in activated-carbon solvent-recovery processes 
are contamination of the activated carbon and corrosion of equipment. In improperly 
designed systems, attrition and plugging of the bed may also constitute problems. Contami- 
nation can occur as a result of resinous or polymerizable substances in the air stream that 
remain on the carbon during the regeneration cycle and reduce its activity. Certain types of 
contaminants that cannot normally be removed and recovered satisfactorily with active car- 
bon can be tolerated in very small amounts, as they accumulate in the top portion of the bed, 
which is first contacted with the air and partially removed during the regenerative cycle. 
Since the major portion of the bed remains in good condition, a reasonable service life can 
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be realized, and the carbon may occasionally be returned to the manufacturer for reactiva- 
tion. Some contaminants must be removed from the vapor-laden air stream prior to its entry 
into the adsorbent bed. Phenolic materials, for example, which are encountered in operations 
designed to recover alcohol from certain resin-impregnating operations, can be removed by 
scrubbing with caustic solution in a packed or spray-type scrubber. Traces of polymerizable 
or very heavy compounds can also be removed in a guard chamber, which is placed in the 
gas stream ahead of the main adsorbers. The carbon or other adsorbent in the guard chamber 
is permitted to become contaminated in order to protect the main carbon-charge. 

Although most dry solvents are not particularly corrosive, corrosive conditions may occur 
in the adsorption equipment as a result of the steaming operation. Many solvents hydrolyze 
in the presence of liquid water or steam at elevated temperatures, and activated carbon may 
act as a catalyst for this and other decomposition reactions. Esters such as ethyl acetate are 
particularly corrosive because hydrolysis results in the formation of organic acids. When 
electrolytes are present or are formed during the process, corrosion of iron and steel can be 
further accelerated by galvanic action between the carbon and the metal screen or vessel. 
Solvents such as hydrocarbons that do not decompose can usually be handled in plain steel 
equipment. Special construction materials, e.g., fiber reinforced plastic (FRP), copper, Ever- 
dur, Monel, and stainless steel, may be required for other solvents. Special adsorption-vessel 
designs may also be employed to minimize corrosion by preventing the wet steam-solvent 
mixture from contacting the vessel shell. 

Oxidizing gases such as oxygen and chlorine may react with carbon under some condi- 
tions, and contact with these gases at high temperatures should be avoided. Activated carbon 
can be used with high-velocity air at temperatures up to about 150°C; with low air velocity, 
somewhat higher temperatures are permissible. 

Attrition of activated carbon can be minimized by proper design of the adsorption vessels. 
The air-flow rate should be below 100 f thin. ,  preferably below 60 ft/min., and good air dis- 
tribution to the top of the bed should be provided. Plugging of activated carbon beds can be 
prevented by eliminating any sources of carbon attrition and providing an adequate screen or 
filter ahead of the adsorption vessel. 

Costs of VOC Recovery Systems 

Correlations are given by Vatavuk et al. (1990) that are useful in developing a preliminary 
cost estimate for a proposed system. The total adsorption system equipment cost is 

(12-24) 

Where: CA = Total adsorber equipment cost including carbon, vessels, fans, pumps, 
decanters, instrumentation, and piping, fall, 1989 dollars 

& = Ratio of CA to the cost of carbon and vessels 
= 5.82 Q-O.133 

Q = Feed gas flow rate, acfm (in the range of 4,000 to 500,000) 
C,  = Cost of carbon, $, (a typical cost of $2.00Ab in fall, 1989 dollars is suggested) 
NA = Number of beds adsorbing at a time 
No = Number of beds desorbing at a time 
Cv =Cost of each vessel, $ 

= 271 So.n8 (FOB vendor in fall, 1989 dollars, for 304 stainless steel, cylindri- 
cal, low-pressure vessels) 

S = External surface area of each vessel, ft2 (in the range of 97 to 2,110) 
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The cost of any required external ductwork and other nonstandard auxiliary equipment 
must be added to CA, and the total multiplied by 1.08 to cover sales taxes and freight. The 
product is the total purchased equipment cost, PEC. The PEC must be multiplied by 1.61 to 
cover direct and indirect installation costs. The resulting installed equipment cost plus the 
cost of site preparation and buildings, as required, represents the total capital investment for 
the fixed-bed adsorption system. 

Hydrocarbon Recovery with Active Carbon 

The removal of aromatics and relatively heavy hydrocarbons from gas streams with fixed 
beds of activated carbon is essentially the same process as solvent recovery, and similar adsor- 
bents and equipment are used. The principal differences are that in hydrocarbon recovery the 
feed is typically a natural gas or other combustible gas stream rather than air, and adsorption is 
usually (but not always) conducted at elevated pressure. The basic design approach for hydro- 
carbon recovery systems follows the same general logic as that described for solvent recovery 
systems. A brief outline of the key design steps is given in the Calgon Carbon Corporation bul- 
letin, Heavy Hydrocarbon Removal or Recoveryfiom Gas Streams (1987). 

Adsorption isotherms for several of the hydrocarbons typically removed from gas streams 
are given in the previous section of this chapter entitled ‘‘Roperties of Gas Adsorption Car- 
bons.” Additional data can be obtained from the carbon manufacturers. A set of equilibrium 
data for the hydrocarbons and natural gas sulfur compounds on activated carbon (Pittsburgh 
BPL) has been presented by Grant et al. (1962, 1964). These data and some additional exper- 
imental data for isobutane and carbon dioxide adsorption on Columbia NXC 8 x 10 carbon 
have been used by Hasz and B m r e  (1964) as a basis for predicting isotherms for all of the 
common constituents of natural gas using the Polyani potential theory of adsorption (1914). 

Field test data showing the effects of natural gas composition and flow rate are given by 
Enneking (1966). The use of adsorption to recover hydrocarbons from gas streams at refiner- 
ies and petrochemical plants is described by Cantrell(1982). The recovery of benzol (a ben- 
zene-rich light oil) from manufactured and coke-oven gas streams was formerly an important 
application of activated carbon adsorption, but is no longer considered significant. A typical 
benzol removal installation is described by Howell (1943) and Walker et al. (1944). Hydro- 
carbon recovery processes are not described in detail herein because of their similarity to sol- 
vent recovery processes and the fact that they are intended primarily for recovery, not gas 
purification. 

Fluidized, Moving, and Rotating Bed Processes 

Many attempts have been made to develop continuous adsorption processes, but until 
recently they have met with only limited success. One of the earliest versions, developed by 
the Union Oil Co. (now Unocal), used a moving bed of activated carbon particles to recover 
ethylene and other hydrocarbons from gas streams. Six large plants were built between 1947 
and 1949; however, commercial utilization of the process was discontinued shortly there- 
after, apparently due to excessive attrition and other solids handling problems (Berg, 1951). 
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courtaulds’ Fluidized Bed Process 

A later development was a fluidized bed process for removing carbon disulfide vapors 
from air leaving a viscose (rayon) manufacturing plant. The process was developed by Cour- 
taulds, Ltd., and installed at its viscose plant in Holzwell, Wales. 

A detailed description of the process and its development is provided by Rowson (1963). 
A 250,000-cfm air stream containing 1,OOO ppm (vol) CS1 and 20 to 30 ppm H2S required 
treatment. Preliminary process studies indicated that a fixed-bed plant would be uneconomi- 
cal. A large cross-sectional area of bed would be. required (about 6,000 ft2) to provide a rea- 
sonable air velocity. Because of the low concentration of CS2, fixed-bed adsorption would be 
inefficient and the break point would occur early. The decision was therefore made to devel- 
op a fluidized bed process. Such a process offers the potential advantages of fully continuous 
operation, countercurrent contacting with attendant high and uniform solvent loadings on the 
carbon, and high gas velocities leading to small vessel diameters. 

Commercial operation of the Courtaulds, Ltd., fluidized bed plant commenced in 1960, 
about 8 years after initiation of development work on the project. It is reported that the 
plant-code named Landmark-cost $1.7 million (Anon., 1963). A flow diagram of the 
process is shown in Figure 12-46. Design data and typical operating conditions are listed in 
Table 12-31. 

Figure 12-46. Flow diagram of fluidized bed process for adsorption of carbon disulfide 
on active carbon. 
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Table 12-31 
Design and Operating Data for Fluidized Bed Carbon Disulfide Adsorption Plant 

(Rowson, 1963; Anon., 1963) 

Air flow rate 250,000 cfm 
Inlet concentration 
Outlet concentration 
CS2 recovery rate 1.2 t o n s h  
CS2 adsorption efficiency 85-95% 
Adsorbent 6-14 mesh coconut charcoal 
Adsorbent circulation rate 50,000 lbhr 
CS2 loading on adsorbent 

1,000 ppm CS2. 30 ppm H2S 
50-100 ppm CS2, 20 ppm H2S 

lean 0.5% 
rich 7.0% 

Stripping steam required 12,000 I b h  
Adsorber design 

size 
number of beds 5 
bed depth 2-3 inches (each) 
pressure drop 3 psi 

38 ft dia. x 45 ft high 

Source: Rowson, 1963: Anon., 1963 

Air from the viscose plant is first contacted by an alkaline ferric oxide suspension in a 
spray scrubber (not shown in the flow diagram) to remove the bulk of the H2S. Removal is 
necessary because hydrogen sulfide is catalytically oxidized by air, in the presence of active 
carbon, to elemental sulfur, which is extremely difficult to strip from the carbon. 

The air is forced through the fluidized bed adsorber and a dust collection system by means 
of a 1,000-hp fan. Carbon is conveyed to the top of the adsorber column and on to the top 
tray. Carbon level on the tray is maintained by a weir which it flows over into a downcomer 
leading to the tray beneath. After passing over a total of five trays, the carbon flows down- 
ward through seal legs into the stripper vessel. The seal legs are purged with inert gas to pre- 
vent steam and CS2 from entering the adsorber. 

The adsorbent is stripped of CS2 by countercurrent contact with 300°F steam while pass- 
ing downward in plug flow through an 18-ft-diameter vessel. The bottom half of the vessel 
contains a number of vertical, externally finned tubes. High-pressure steam inside the tubes 
heats and dries the carbon which flows downward on the outside. Steam liberated from the 
carbon flows upward and augments the stripping steam. The hot dry carbon is split into two 
streams; 10% is reactivated and the remainder is cooled to 160°F by contact with fresh air. 
This is accomplished in a single 7-ft-diameter fluidized bed. 

Reactivation of a continuous bypass stream of carbon serves to remove elemental sulfur, 
sulfuric acid, and other low volatility compounds that cannot be removed by normal strip- 
ping. The operation is conducted by passing low-pressure, highly superheated steam through 
the carbon in a single fluidized bed. 

The carbon disulfide is recovered from the exit gases leaving the stripper by a four-stage 
condensation train. About 2 lbhr of ammonia is added to the exit gas before it enters the 
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condensers to protect the aluminum tubes from corrosion. The first two stages serve to con- 
dense the bulk of the water (shown as a single unit in the flow diagram). The third stage con- 
denses most of the CS2, and final cleanup is obtained in the fourth stage-a spray tower 
using 35°F water. CS2 and water are virtually immiscible so the heavier CSp can be separat- 
ed from the water readily by decantation. 

Operating experience with the Courtaulds plant has shown the recovery efficiency to be at 
least as high as for a fiied-bed plant and steam consumption a little lower. Carbon attrition 
has proven to be somewhat of a problem as the accumulation of fines in the bed increases the 
residence time, which in turn leads to a greater adsorption of water at the expense of CS2. 
This problem can be partially resolved by drawing off fines collected from the exit gas 
instead of returning them to the bottom adsorber tray as shown in the flow diagram. Howev- 
er, this solution leads to an increased requirement for makeup carbon. 

Purasiv HR Process 

The Purasiv HR process is an improved fluidized bed, activated carbon process based on 
the use of a spherical beaded adsorbent developed by Kureha Chemical of Japan. The 
process was introduced in the United States and Canada by Union Carbide Corporation in 
1978 (Union Carbide Corp., 1983). The unique form of the carbon adsorbent represents the 
key feature of the process. The beads, which are about 0.7 mm in diameter, create a homoge- 
neous fluidized bed in the adsorption section and a free-flowing dense bed in the desorption 
section while providing a much higher resistance to attrition than conventional granular or 
pelletized material. The beads are produced by a proprietary process that involves shaping 
molten petroleum pitch into spherical particles which are subsequently carbonized and acti- 
vated under controlled conditions. 

A simplified flow diagram of the Purasiv HR system is given in Figure 12-47. The sol- 
vent-laden air is fed into the bottom of the adsorption section and passes upward countercur- 
rent to the carbon beads, which are fluidized on a series of perforated trays. The beads flow 
from each tray to the one beneath it by an overflow weir arrangement and finally flow from 
the bottom tray into a seal pot where they form a dense-packed bed. The carbon then flows 
downward as a moving dense bed through a secondary adsorber section where it removes 
hydrocarbons from the nitrogen used for regeneration; a desorption section where it is heated 
while being stripped of hydrocarbons by a rising stream of nitrogen; and finally a cooler 
where the carbon is cooled to ambient temperature. The regenerated and cooled carbon is 
then conveyed to the top tray of the adsorber column. High temperature solvent-laden nitro- 
gen from the desorption section passes through a water-cooled condenser and a separator 
which removes liquid solvent. Nitrogen from the separator, which is cool but still saturated 
with solvent, is passed through the secondary adsorber section and is then recycled to the 
bottom of the desorption section. 

This description and the flow diagram refer to the nitrogen-stripping technique, designated 
Type N, which is particularly suitable for the recovery of water-soluble solvent. The process 
can also be used with a more conventional steam-stripping technique, designated Type S ,  
which is useful for the recovery of chlorinated hydrocarbons and other water-insoluble sol- 
vents. The Type S system is similar to the Type N except that the secondary adsorber and 
provisions to recycle the stripping vapor are not required. Commercial Purasiv HR systems 
recovering ketones, tetrahydrofuran, toluene, isopropyl alcohol, acetone, kerosene, methyl- 
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Figure 12-47. Flow diagram of Purasiv HR process. Union carbide Cow. 

ene chloride, and various solvent mixtures were reported to be in operation in the United 
States in 1983 (Union Carbide Corp. 1983). 

Polyad FB Process 

This process was developed by a division of Nobel Industries, a major chemical corpora- 
tion in Sweden. The heart of the process is a unique adsorbent called Bonopore 110, which is 
described as a microporous, crosslinked polymer in the form of spherical particles with a 
narrow size distribution (Heinegard, 1988). The particles have a pore diameter of approxi- 
mately 80 A, a specific surface area of about 800 sq m per gram, and a diameter of about 0.5 
mm. Adsorption isotherms for four typical organic compounds and Bonopore 110 are given 
in Figure 12-48. The polymer adsorbent is claimed to have the following advantages over 
activated carbon: 

1. Easier regeneration; activated carbon has a higher percentage of very fine pores that hold 
adsorbate molecules more tightly. 
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Figure 12-48. Adsorption isotherms for solvents in air at 77°F (25°C) on Bonopore 110 
adsorbent. Data of Heinegard (1988) 
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2. Longer lifetime; the small pores of activated carbon can become clogged by heavy hydro- 

3. Less sensitivity to humidity; activated carbon capacity decreases markedly with increased 

4. No catalytic effect; can be used to adsorb solvents that have a tendency to oxidize, poly- 

carbons resulting in degradation of adsorption capacity. 

humidity. 

merize, or hydrolyze. 

Fixed bed and rotor configurations were evaluated for use with the new polymer adsor- 
bent, but a fluidized bed process was selected as optimum to utilize its unique properties of 
fast adsorption kinetics, excellent abrasion resistance, and good fluidization characteristics. 
In the fluidized bed process, the adsorbent is transported between an adsorption section, 
where the incoming air is purified, and a regeneration section, where desorption occurs. 

The adsorption section contains one or more beds of polymer particles maintained in a flu- 
idized state by the flow of gas being purified. Regenerated polymer particles are continuous- 
ly added to the top bed, and saturated particles are continuously removed from the bottom. 
The saturated adsorbent is pneumatically transported to the top of the desorber. The particles 
flow down through the desorber where they are heated, stripped by contact with a small 
stream of air or inert gas, and cooled. The cooled and regenerated adsorbent is transported 
back to the adsorber. 

Solvent vapors are condensed out of the purge gas stream, and the condensate flows into a 
collection tank. The uncondensed gas is returned to the desorber at a point above the heater. 
The cool adsorbent in this zone removes most of the remaining solvent vapors from the purge 
gas, which exits the top of the desorber and is recycled to the feed gas entering the adsorber. 

An economic comparison was made of the Polyad FE4 process, an activated-carbon fixed- 
bed plant, and a thermal incinerator system for purifying 6,300 scfm of air from a gravure 
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printing plant containing 5 10 ppmv toluene. The study indicated the Polyad FB plant to have 
a capital cost about 17% less, and an operating cost about 50% less than the activated carbon 
adsorption plant. Its economic advantage over thermal incineration was even greater. Several 
full-scale Polyad FB plants have been installed in Sweden and the process is being marketed 
in the U.S. by Weatherly, Inc. (Heinegard, 1988). 

KPR Rotating Adsorber System 

The KPR system incorporates two novel concepts: the use of a rotor to move the adsor- 
bent between adsorption and regeneration zones, and the use of activated carbon fiber (ACF) 
in the form of corrugated paper as the adsorbent. The process was developed in Japan and is 
offered in the U.S. by Metro-Pro Corporation (Kenson and Jackson, 1989; Benamy, 1987). 

The rotor may be in the form of a disk or cylinder. Diagrams of the cylindrical type show- 
ing adsorbing and desorbing operations are given in Figures 12-49 and 12-50. The KPR sys- 
tem is designed to concentrate dilute VOC gas streams before final treatment by a conven- 
tional carbon adsorption system or incineration. The rotor, consisting of a honeycomb 
structure of the ACF corrugated paper, is slowly rotated through adsorption and desorption 
sectors of the apparatus. The VOC-containing feed gas and the hot air used for regeneration 
flow in opposite directions through the tubular paths of the honeycomb structure in their 
respective sectors. VOCs are removed from the gas in the adsorption sector and desorbed 
into the air in the regeneration sector. The regeneration off-gas contains the desorbed VOCs 

Honeycomb (Typ.) 

Solvent Laden Air (Typ.) 

Figure 12-49. Diagram of KPR cylinder-type rotor showing path of air being purified. 
From Benamy (1987) 
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Figure 12-50. Diagram of KPR cylinder-type rotor showing path of hot air used for 
regeneration. From Benamy (1987) 

in a volume of gas only !A to !& that of the original feed streams. The concentration effect 
greatly reduces the cost of subsequent treatment. 

Three large KPR systems installed to handle the exhaust air from paint spray booths at an 
aerospace firm are described by Kenson and Jackson (1989). The performance of these units 
is summarized in Table 12-32. As would be expected, the units show a higher removal effi- 
ciency at higher VOC concentrations in the feed gas. The system can be effectively coupled 

Table 12-32 
Performance of KPR Systems Processing Exhaust Gas from Paint Spray Booths 

I System A B c l  
System capacity, scfm 105,000 70,000 35,000 
VOC quantity at inlet, lblhr 23.04 3.668 22 1 
VOC concentration at inlet, ppmv 24 5.8 204 
VOC quantity at outlet, Ibhr 1.197 0.3623 11.1 
Removal efficiency, % 95 90 95 

I Data of Kenson and Jackson ( I  989) I 
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to a catalytic incinerator, with heat from the incinerator providing the heat required to raise 
the temperature of the stripping air in a gas-to-gas heat exchanger. Kenson (1991) suggests 
that the KPR system would also be economically attractive for control of BTX emissions 
from petrochemical plants. 

Munters Zeol Rotating Zeolite Adsonber 

A process offered by Sweden's Munters Zeol employs a large, disk-shaped ceramic rotor 
that is honeycombed with channels impregnated with a hydrophobic, all-silicon zeolite. 
Although it does not use carbon, the process is mentioned here because it is aimed at remov- 
ing low concentrations (below 1,OOO ppm) of VOCs from contaminated air streams. When 
used for this purpose, the impure air flows through one section of the rotor's channels, where 
the zeolite adsorbs the VOCs, while heated air or inert gas flows through another section to 
desorb material previously adsorbed. The assembly rotates continuously so that each channel 
passes through adsorption and desorption zones alternately. Adsorption typically occurs at 
80"-100"F, desorption at 360°F. Reportedly, the process was first offered in the U.S. in 1 9 9 1  
after more than a dozen units had been sold in Europe (Anon., 1991). 

Moving Bed Process 

A moving bed process has been tested for use in removing VOCs from the exhaust air of 
an aircraft painting facility (Larsen and Pilat, 1991); however, no commercial applications 
are known. The test system employed a 4-in.-thick, down-flow moving bed of Westvaco 
BX-7540 activated carbon pellets through which contaminated air flowed horizontally, 
cross-flow to the carbon. The cross-section of moving bed through which the air passed was 
roughly the area of a 6-in.-diameter duct. The moving bed was found to have a VOC collec- 
tion efficiency in the range of 77.1 to 99.6% with most of the tests showing efficiencies over 
90%. The reason for the fluctuations in removal efficiency was not determined; however, the 
efficiency appeared to be unaffected by carbon flow rate in the range of 5 to 8 lbhr; air flow 
rate over the range of 27 to 185 ftlmin.; or inlet VOC concentration over the range of 0.2 to 
16 ppm (as MEK). The investigators conclude that a moving bed system of this type may 
have application for the control of VOCs, especially at low concentrations; however, addi- 
tional research and development is needed for the design of full-scale systems. 

Canister and Panel Systems for Air PWficatiin 

The problem of odor removal differs from that of solvent recovery primarily in that the 
impurities are present in much lower quantities and that usually no attempt is made to recov- 
er the adsorbed compounds. Large volumes of atmospheric-pressure air must be handled in 
air-conditioning types of equipment, and a very low pressure drop is mandatory. The pres- 
sure-drop requirement makes the use of very thin beds of activated carbon desirable. Fortu- 
nately, most odorous vapors are compounds of relatively high molecular weight, which are 
adsorbed readily, and can therefore be removed in shallow beds. Commercial equipment for 
the removal of odors from air streams is designed to give maximum face-area for the passage 
of air in a minimum space. The equipment is unitized for ease of replacement of spent car- 
bon, and the units are commonly in the form of cylindrical canisters or larger unit cells con- 
taining flat or corrugated beds. 
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Principal requirements of carbon for use in odor-removal equipment are a high capacity 
and low pressure drop. The material must also be dustless. Specifications for activated car- 
bon used in air purification are presented in Table 12-33. Typical commercial equipment is 
illustrated in Figure 12-51,12-52, and 12-53. 

Process Design 

Canister and panel systems are typically integrated with a building’s heating, ventilating, 
and air conditioning (HVAC system), and may treat 100% “fresh” air, 100% recirculated air, 
or some combination of the two. In cold or hot climates, it is common practice to recirculate 
indoor air through the carbon panels to remove cigarette smoke and other internally generat- 
ed pollutants while conserving the energy required to heat or cool outside air. In mild but 
smoggy climates, the air treated in a carbon adsorber may consist entirely of outside air. 

Standardized canister and panel adsorption system designs are offered by the manufacturers. 
Typically, thin beds X to 2 in. thick are used to minimize pressure drop. Face velocities are in 
the range of about 30 to 60 Wmin. A common design for large systems uses many rectangular 
panels 1 to 2 ft on each side, arranged in a housing to create an accordion-folded, extended sur- 

Table 12-33 
Specifications for Activated Carbon Used in Air Purification 

I Property Specification, Minimum I 
~ 

Activity for carbon tetrachloride 
Retentivity for carbon tetrachloride 
Apparent density 
Hardness (ball abrasion) 
Size distribution 

50% 
30% 

0.40 g/ml 
80% 

6 to 14 mesh (Tyler-sieve series) 

MANIFOLD PLATE L 
I 
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Figure 12-52. Air-purification unit employing cylindrical canisters, showing typical 
method of installation. 

face of carbon bed. An example of an activated carbon panel is a unit 18” x 18” x 1!4” thick, 
which is offered as model PAA by Barnebey & Sutcliffe Corporation (1990). When operated at 
its nominal flow rate of 83 cfm air, the panel has a pressure drop of approximately 0.35 in. of 
water. A single housing may contain more than 200 of these individual panels. 

The activated carbon in HVAC systems can usually be returned to the manufacturer for 
regeneration after it becomes saturated with pollutants. This can be done by removing and 
returning either the individual units or the bulk carbon. The carbon may last as long as 4 or 5 
years before replacement or regeneration is required, depending, of course, on the concentra- 
tion of adsorbable impurities in the air. Extremely long cycles are possible because even rel- 
atively severe odor problems are usually caused by only very small concentrations of odor- 
ous compounds, and a good grade of carbon can pick up 0.1 to 0.2 lb of odorant per pound of 
carbon before regeneration is required. The upper limit of odorant concentration for the prac- 
tical use of replacement cartridge-type activated carbon adsorption is reported to be about 2 
to 5 ppm (Turk, 1958). Above this level the service life of the cartridges is greatly dimin- 
ished, necessitating frequent reactivation. 

According to Graham and Bayati (1990), regeneration of spent carbon requires a tempera- 
ture of about 1,200”F and proceeds through the following steps: 
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Figure 12-53. Corrugated bed-type activated charcoal air-purification cell. This unit 
contains 35 Ib of 50-min. activated coconut-shell charcoal and handles 1,000 cfrn of 
air with a pressure drop of 0.25 in. of water. CourtesyofBarnebeyi3 Sutcliffe Cop. 

1. Flash desorption of VOCs 
2. Pyrolysis of residual hydrocarbons remaining on the carbon surfaces 
3. Re-establishment of the carbon pore structure via the steam-carbon reaction 
4. Cool down of regenerated carbon 

VOCs released in the process are partially destroyed in the regeneration furnace and finally 
oxidized at high efficiency by an afterburner. 

Turk (1955) proposed the following formula to predict the service life of an adsorption 
system between regenerations: 

6.43 ( I O 6 )  SW t =  
e Q W ,  

Where: t = service life, hr 
S = ultimate proportionate saturation of carbon (retentivity, fractional) 

e = adsorption efficiency (fractional) 
W =weight of carbon, lb 

Q, = quantity of air processed by adsorption equipment, cfm 
M = average molecular weight of contaminants 
C, = concentration of contaminants, ppm 

(12-25) 
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For a commercial cell, containing 45 lb carbon, and rated at 700 cfm air at an operating 
efficiency of about 95%. the service life in hours (t) is calculated to be 4.35 x 16 S/MC,. 
Constants of some important atmospheric odorants for use in this equation are given in Table 
12-34. The table also gives calculated values for service life based on a concentration of 
impurity equal to the odor-threshold value. Additional odor-threshold concentration values are 
given by Wark and Warner (1976). Data obtained on the adsorption of contaminants from air 
streams in which they are present in low ppm concentrations indicate that generally reported 
retentivities represent maximum values (Stankovich, 1%9). Appreciably lower capacities can 
be expected when contaminants are present in concentrations near the odor threshold. 

The relative capacity (or retentivity, S ,  of Table 12-34) of a good grade of activated 
coconut-shell charcoal (50 min. by chloropicrin test), for a number of vapors (including 
some which may be classed as odors) has been presented by Barnebey (1958), and a portion 
of his data is reproduced in Table 1235. Most materials encountered in odor-removal prob- 
lems fall in classes 3 or 4, which means that the weight of carbon required will be three to 
six times the weight of odorant present in the air purified during the period of operation. If 
specific chemical odorants are not identified in the air to be purified, Barnebey suggests that 
the required quantity of carbon be estimated on the basis of 

1. Possible odor sources (e.g., number of occupants of a room) 
2. Type of occupancy (e.g., laboratories, toilets, offices, etc.) 
3. Consideration of the amount of outside air that normal air-conditioning-design practice 

would call for to eliminate odors and stuffiness 
4. Use of a preliminary test with a small adsorber 
5. Assumption of an average odor composition that, for example, will be just perceptible at a 

6. Rules of thumb and experience 
concentration of 0.01 lb of odorant per million cubic feet of air 

Typical yearly requirements in pounds of 50-min. activated coconut-shell charcoal for var- 
ious occupancies have been given as follows (ASHRAE, 1970): 

Residences or offices-total per person 
Smokers 2 Ibs 
Nonsmokers 1 

3 
5 

Hotels, per person average occupancy 
Bar or tavern, per occupant 

Odor-threshold Service life for 

Substance 

Acrolein (heated fats) 
Hexane (hydrocarbon) 
Phenol (carbolic acid) 
Valeric acid (body odor) 

concentrations, hr* 

0.16 almost odorless 
94 0.30 0.28 5,000 
102 0.35 0.00062 2.4 x IO6 

*Calculated value. 
Source: Turk, 1958 
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Table 12-35 
Capacity of Wmin. Activated Coconut-shell Charcoal for Vapors 

Capacity Capacity Capacity 
Vapor Index No. Vapor IndexNo. Vapor Index No. 

Acetaldehyde 
Acetic acid 
Acetone 
Acrolein 
Alcohol 
Amines 
Ammonia 
Animal odors 
Anesthetics 
Benzene 
Body odors 
Butane 
Butyl alcohol 
Butyric acid 
Cancer odor 
Caprylic acid 

2 
4 
3 
3 
4 
2 
2 
3 
3 
4 
4 
2 
4 
4 
4 
4 

Carbon dioxide 
Carbon monoxide 
Carbon tetrachloride 
Chlorine 
Chloropicrin 
Cigarette smoke 
Cresol 
Diesel fumes 
Disinfectants 
Ethyl acetate 
Ethylene 
Essential oils 
Formaldehyde 
Gasoline 
Hospital odors 
Household smells 

1 
1 
4 
3 
4 
4 
4 
3 
4 
4 
1 
4 
2 
4 
4 
4 

Hydrogen sulfide 
Isopropyl alcohol 
Masking agents 
Mercaptans 
Ozone 
Perfumes, cosmetics 
Perspiration 
Phenol 
Propane 
Pyridine 
Ripening fruits 
Smog 
Solvents 
Stuffiness 
Toluene 
Turpentine 

3 
4 
4 
4 
4 
4 
4 
4 
2 
4 
4 
4 
3 
4 
4 
4 

The capacity index numbers have the following meanings: 
4: High capacity for all materials in this category. One pound takes up about 20 to SO% of its own weight-averag- 

3: Satisfactory capacity for all items in this category. These constitute good applications, but the capacity is  not as 

2: Includes substances that are not highly adsorbed, but that might be taken up suficiently to give good service 

I :  Adsorption capacity is low for these materials. Activated charcoal cannot be satisfwtorily used to remove them 

Source: Barnebey, 1958 

ing about % (33%%). This category includes most of the odor-causing substances. 

high as for category 4. Adsorbs about 10 to 25% of its weight-zveraging about Y6 (16.7%). 

under the particular conditions of operation These require individual checking. 

under ordinary circumstances. 

ASHRAE Standard 62 (1989) requires 20 cfdperson of outdoor air for office buildings to 
maintain a high-quality internal atmosphere. Internally generated pollutants can also be con- 
trolled by recirculating the air through an activated carbon adsorber. The rate of removal of 
pollutants by the adsorber is the product of the air flow rate, the pollutant concentration in 
the air, and the removal efficiency of the adsorption unit. Because of this relationship, low 
efficiency adsorbers can achieve adequate pollution control if a sufficiently high recircula- 
tion rate is used. For example, in a building operating with the addition of 5 cfdperson of 
outdoor air, a 15% efficiency adsorber with 100 cfdperson recirculation rate, can reduce the 
indoor concentration of a targeted pollutant by a factor of four compared to the level attained 
by dilution alone with the 5 cfdperson of outdoor air (Liu, 1991). 

The use of adsorptive air purification in air conditioning applications can frequently show 
an economic advantage over the use of a large volume of fresh outside air to reduce odor and 
stuffiness because of the high cost of heating and cooling the outside air to the desired interi- 
or temperature. 

Operating Data 
Data on the performance of panels of granular coconut-shell activated carbon treating air 

in six buildings in the Los Angeles, California, area are given by Bayati and Graham ( 1  991 ). 
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The results of their study are summarized in Table 12-36. The adsorption systems generally 
consisted of banks of 24" x 24" x 1" panels treating from less than 25% to as high as 100% 
outside air. The results show that activated carbon can adsorb and retain significant amounts 
of volatile matter from ambient air. Material balances based on the amount of volatile matter 
adsorbed, the amount of air processed, and the assumption of 100% efficiency, indicate that 
the inlet air streams contained 10 to 150 ppb VOCs. The highest levels were observed in 
geographical areas known to have more polluted air (Le., Pasadena, San Marino, and down- 
town Los Angeles). 

Activated carbon filters have been used successfully for many years at the District of 
Columbia's refuse transfer station to remove garbage odors from air and prevent contamina- 
tion of the surrounding atmosphere (Enneking and Todd, 1969). The filters operate only 
about 2 hours per day during periods when the collection trucks return to the station to trans- 
fer their loads. A fan capacity of 85,300 cfm is provided on the basis of seven air changes 
per hour. The air is first passed through cyclone type collectors to remove large dust parti- 
cles, then through glass fiber filters to remove the remaining dust, and finally through 3420 
canister type carbon fiters for odor removal. The canisters are each 10% in. long and 4% in. 
outside diameter with a %-in.-thick annular bed of carbon. Pressure drop through the canis- 
ters is 0.15 in. of water at the rated throughput of 25 cfm each. The canisters have an initial 
odor removal efficiency of 95% and require replacement every 4 years. 

An example of the commercial application of active-carbon adsorption in the control of 
air pollution by removing odorous materials from the exhaust air of a chemical plant has 
been described by Lorentz (1950). The odors in this case arise during steps in the synthesis 
of Vitamin B- 1. These steps involve the production and handling of sodium dithioformate, 

Table 12-36 
Performance of Activated Carbon Panels in WAC Service 

Facility/ Air Flow, Carbon, lb Time, days V.M., wt % 
Location cfm (1) (2) (3) 

Hospital/ 
Newport Beach 30,000 1,872 943 6.27 
Hospital/ 
Pasadena 6,000 270 930 10.04 
Law Library/ 
Downtown L.A. 56,000 3,495 234 5.92 
Hospital/ 

Library/ 
San Marino 

Upland 48,000 2,995 739 12.44 

Admin. Area 5,900 343 430 14.08 
Gallery 12,200 790 430 4.40 

Notes: ( 1 )  Total amount of activated carbon. 
( 2 )  Number of days carbon was in service, assuming 24 hours per day operation. 
(3) Volatile matter in carbon after indicated days of operation. Carbon was not necessarily 

saturated. 
Data of Eayati and Graham (1991) 
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and the vapors have a tenacious garlic-sulfide stench. The odor-containing air is drawn 
from exhaust vents of the chemical-process equipment and adjacent work area at a rate of 
12,000 cfm at a suction pressure of ?4 in. of water. Air from the fan is first passed through 
air-conditioning-type dust filters with a total cross-sectional area of about 33 sq ft and then 
through a bank of 503 Dorex Type 42 carbon canisters. Pressure drop through the canisters 
is 0.14 in. of water at an air-flow rate of 24 cfm per unit. Approximately 800 Ib of carbon 
are contained in the bank of canisters and between 300 and 400 lb of air-borne material is 
collected in the carbon by the end of the 6-month cycle. In addition to the odorous com- 
pounds, the carbon picks up some water and traces of organic solvents from the air stream, 
which leaves the unit entirely free from objectionable odor. The spent carbon is returned to 
the suppliers for reactivation, and about % of the original carbon is reclaimed and returned. 
The carbon bed in the canister is about 1-in. thick, and a total cross-sectional area of about 
1,000 sq ft of carbon surface is exposed to the flowing air stream. Total pressure drop 
through the system is about % in. of water. 

An interesting application that combines the features of odor-removal and solvent-recov- 
ery plants is described by Larkin and Davis (1957). This installation removes solvent vapors 
from air from a silk-screening operation. The principal objective is air purification rather 
than solvent recovery as the vapors were found to be extremely irritating to workers. The 
unit utilizes a single large canister, 7Xft long by 5-ft OD, containing a 6-in.-thick cylindrical 
bed of carbon. The charge consists of 1,100 lb of 50-min. activated coconut-shell carbon. 
Regeneration is accomplished in situ by passing low-pressure steam through the unit, for a 
short period of time, once a month. Steam and solvent vapors are condensed; however, the 
removed mixed solvents have little value. The carbon has been found to last for approxi- 
mately 5 years in this installation. 

Where very large volumes of air must be treated for the removal of traces of organics, as 
in odor control, an effort has been made to find a less costly alternative to activated carbon 
adsorption. One such alternative is the biofilter, in which a bed of porous soil or a bed of 
peat, tree bark, or similar biomass is used to contact the polluted air. In these processes, 
microorganisms in the soil or peat assist adsorption by causing bio-oxidation of adsorbed 
organic compounds. Surface catalysis by minerals in the bed may also be a factor in enhanc- 
ing oxidation of relatively nonbiodegradable molecules. Typical biofilters are about 3 ft deep 
and last between one and seven years. Early designs were open to the atmosphere at the top, 
but more recent concepts utilize sealed containers, which provide better control of the 
process and permit the exit gas to be monitored more accurately. 

A total of 14 companies (all European) is listed in a December 1992 report as offering 
biofilter and bioscrubber technology (Fouhy, 1992). One of these, Clair Tech B.V.. is respon- 
sible for more than 53 biofilter installations, including a unit that treats 140,000 m3/hr of air, 
reducing the concentration of hydrocarbon solvents from 500 mg/m3 to less than 150 mg/m3. 

The design and performance of soil beds are described by Bohn and Bohn (1988). Basical- 
ly, the system consists of a horizontal network of perforated pipe placed about 2 ft below 
ground level. The impure air is forced through the pipe network and upward through the soil 
before it enters the atmosphere. Contaminants in the feed air are adsorbed on particles of 



Gas Dehydration and Purification by Adsorption 1125 

soil, then rapidly oxidized by microbiological processes or surface catalysis, while nitrogen, 
oxygen, carbon dioxide, and water vapor are largely unaffected and are discharged to the 
atmosphere. The oxidation continuously renews the bed's capacity for adsorption. 

The removal efficiency of soil beds for organic compounds varies from 80-9096 for high- 
ly stable light gases, such as methane and propane, to about 99% for more complex com- 
pounds such as aldehydes and organic acids. Inorganic impurities such as SO2, NO,, and 
H2S are also removed with high efficiency by most soils; however, the effectiveness will 
decrease if sufficient acid gas is present to neutralize the soil's natural alkalinity. When soil 
pH drops to about 3, SO2 is no longer removed, and NO, removal stops at a pH of about 2. 
The life of the soil bed for removing acidic inorganic gases may be extended by the addition 
of lime. The life for removing organic compounds is virtually unlimited. 

Soils vary widely in composition and permeability, but the gas permeability of soils is 
always much lower than that of activated carbon beds, and as a result, much lower gas veloc- 
ities must be employed. Typical air flow rates are in the range of 4-10 m3hr m2 (13-33 
ft3kr ft2) with pressure drops of about 2-3 in. of water. 

The capacity of a soil bed for gas purification is generally limited by gas permeability 
rather than the rate of oxidation of organic compounds. For example, with an input gas con- 
taining 1,OOO pprn of organic pollutants flowing 40 hours per week, the amount of organic 
matter added to the soil per year will be only about 2 Ks/m2 (9 tons per acre). This annual 
rate is about the same as the natural rate of addition of organic matter to soils in temperate 
regions. Much higher organic loadings can be destroyed by soil beds when necessary (Bohn 
and Bohn, 1988). 

The use of peat beds is a relatively recent extension of soil bed technology. According to 
Valentin (1990), the process was first used in 1975 for the control of livestock odors and is now 
in widespread use, particularly in Germany, Scandinavia, the Netherlands, the UK, and Ireland. 

A peat bed facility, as described by Valentin, consists of a concrete-lined rectangular pit, a 
raised perforated floor to support the peat bed, and an underfloor distribution area for the 
polluted air feed. The peat bed is typically a mixture containing about one-half sphagnum or 
trichophorum peat and about one-half woody heather or brush wood, which is added to mini- 
mize consolidation of the peat. The bottom layer is entirely heather to aid in air distribution, 
and the entire bed is about 1 m (39 in.) deep. A plastic membrane is used at the walls to pre- 
vent air bypassing. 

It is important that the peat bed be thoroughly wetted when installed and kept moist during 
operation. This can be accomplished by the use of a spray system over the bed, to be used as 
required, plus a water spray scrubber for the feed air upstream of the peat bed. 

Bed operation is quite simple; in addition to keeping the bed moist, it is necessary to con- 
trol the temperature in the range of lO"45"C (about 50"-110"F). Bed pH will normally be 
between 4 and 7.5. After about one year of operation the bed must be turned to compensate 
for consolidation, and new material added as needed. Complete replacement of the peat and 
heather is required after five years or more. The superficial velocity of air through the bed 
can be as high as 200 m/hr (11 ftlmin.) for low odor concentrations, decreasing to about 
110-130 m/hr (67 fumin.) for strong odors. 

The typical capital cost for a peat bed system in the UK is given as $550 per square meter 
of cross-section area, including associated fans, scrubber, and local ducting. At a flow rate of 
125 m3/hr m2, this is about $4.50 per m3/hr ($7.65 per scfm) of capacity (Valentin, 1990). 
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This estimate can be compared with a capital cost range for a proprietary biofilter system of 
$5.50 to $30 per m 3 h  ($9.40 to $50 per scfm) reported in 1992 (Fouhy, 1992) and an esti- 
mate for soil beds of about $5 to $6 per m3hr ($8.50-$10 per scfm), which was published 
four years earlier (Bohn and Bohn, 1988). 

Impregnated adsorbents provide a combination of adsorption and chemical reaction to 
remove traces of specific impurities from gas streams. The process is used to remove impuri- 
ties that are adsorbable; the presence of a reactive chemical in the pores of the adsorbent 
serves to lock adsorbed material in place, increasing the capacity of the bed and decreasing 
the vapor pressure of the adsorbate to essentially zero. 

Sulfur Compound Removal with Impregnated Carbon 

Two types of impregnating agents are used to increase the effectiveness of carbon for the 
removal of traces of H2S and low molecular-weight sulfur compounds. The types are alkaline 
materials such as sodium hydroxide or sodium carbonate, which hold the sulfur compounds by 
acid-base reaction, and metal oxides, which hold the sulfur as metal sulfides or sulfates. Exam- 
ples of the two types are Calgon Carbon Corporation’s Type IVP (Improved Vapor Phase), 
which is reported to be impregnated with sodium hydroxide (Bourke and Mazzoni, 1989), and 
Type FCA, which is stated to be a metal-oxide impregnated carbon (Calgon, 1978). 

Laboratory studies reported by the Calgon Carbon Corporation (1977) show Type IVP car- 
bon to attain a 20-25% loading by weight of H2S from an air stream containing 1 % by volume 
of this compound, compared to 10% loading for conventional carbon under the same condi- 
tions. The impregnated carbon adsorbed 9.5% methyl mercaptan by weight from a gas stream 
containing 1.3% of the impurity, compared to a loading of 4.1% for conventional carbon. 

A laboratory study conducted in Japan showed an even greater effect (Ikeda et al., 1988). 
The work covered the adsorption of H2S and methyl mercaptan (CH3SH) on activated carbon 
impregnated with NaOH or Na2C03 and the adsorption of trimethylamine [(CH&N] on acti- 
vated carbon that had been sulfonated by contact with sulfuric acid. The results for H2S and 
CH3SH showed that impregnation with NaOH or Na2C03 increased the capacity as much as 
40 to 60 times that of the original carbon. The adsorption of trimethylamine was helped by 
sulfonation of the carbon, particularly at low concentrations in the gas (less than 10 ppmv). 
At higher concentrations most of the amine is adsorbed by physical adsorption. 

Impregnated carbon beds are used at many petrochemical plants to recover traces of sulfur 
compounds, which can poison catalysts used in subsequent operations (e.g., ammonia and 
methanol synthesis). A typical application is described by Bourke and Mazzoni (1 989). The 
system treats 6,900 scfm of natural gas at 190 psig and 49°F containing up to 10 ppmv H2S. 
The adsorption system uses two vessels in series, each of which contains 8,450 pounds of 
Calgon FCA carbon. When the H2S concentration in the outlet gas from an adsorber reaches 
0.22 ppm, the vessel is regenerated with steam containing a small percentage of oxygen. The 
oxygen serves to convert H2S to elemental sulfur in place, releasing the alkali to react with 
additional hydrogen sulfide during the next adsorption period. The regenerated bed is then 
placed in second position to “polish” the purified gas leaving the bed in first position. 
Because of the low level of H2S in the feed, the time to regeneration is on the order of six 
months. H2S is not detectable in the final product gas from the system. 
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Caustic impregnated carbon is widely used to remove H2S and other odorous compounds 
from exhaust air streams at municipal sewage disposal facilities. Hydrogen sulfide is nor- 
mally the predominant odor contributor, but it occurs with a wide variety of volatile organic 
compounds. The impregnated carbon is effective because it can physically adsorb organic 
species while chemically reacting the H2S. Rabosky and Matta (1985) suggest the following 
design parameters for sewage plant applications of Calgon Type IVP, 4 x 6 mesh, impreg- 
nated carbon: 

1.6 to 30 air changes per hour 
2.50- to 100-ft per minute face. velocity 
3. 18- to 36-in. bed depth 

They report that adherence to these values will result in H2S capacities in excess of 0.12 
grams H2S/cc of carbon. 

In another commercial application, which is described by Rowley and Lawlor (1984), Cal- 
gon Type IVP carbon is used to remove traces of hydrogen sulfide and other sulfur com- 
pounds from gases vented from tanks and storage pits of a Stretford natural gas treating 
plant. The impregnated adsorbent bed is 3 ft deep and is operated in the upflow mode. 

Mercury Removal with Impregnated Carbon 

Mercury occurs in some natural gas streams and can result in severe corrosion of alu- 
minum (e.g., brazed aluminum heat exchangers in LNG and turboexpander plants). The use 
of sulfur-impregnated activated carbon is a proven commercial process for removing the 
mercury. Sulfur is the active ingredient, securely fixing mercury, as sulfide. in the micro- 
porous structure of the carbon (Leeper, 1980). 

An example of a commercial application of impregnated carbon for mercury removal is 
described by Bourke and Mazzoni (1989). The adsorber treats 30 MMscfd of natural gas at 
1,100 psig and 110'F. The inlet gas contains over 50 micrograms of mercury/Nm3, and no 
mercury is detected in the product gas (i. e., less than 0.001 micrograms/Nm3). The bed con- 
tains 1,500 pounds of Calgon Type HGR impregnated carbon and is expected to remain 
effective for many years. Thirty Calgon impregnated granular activated carbon units were 
reported to be in operation in 1994, removing mercury from natural gas, hydrogen, cracked 
gas, and air (Calgon Carbon Corp., 1994). 

Non-impregnated carbon can also be used for adsorbing mercury vapor; however, the 
capacity is quite low. Mahwar (1986) examined the proposed use of carbon as a regenerable 
adsorbent to capture mercury in hydrogen gas produced in a chlor-alkali plant. The carbon 
was found to reduce the mercury concentration of dry hydrogen to non-detectable levels; 
however, the capacity was only 0.374 grams Hgkg carbon. Complete regeneration was 
accomplished by purging the carbon bed with 100°C air for 18 hours. The mercury is recov- 
erable from the air by cooling and condensation. A related process, offered by UOP, is based 
on the chemisorption of mercury on a special molecular sieve-based adsorbent, HgSIV. This 
adsorbent may be used in conjunction with a conventional desiccant in a unit that simultane- 
ously dries the gas and removes mercury. The HgSIV adsorbent is regenerated during the 
drier regeneration cycle. In 1994, seven HgSIV units were reported to be in operation treat- 
ing LPG and natural gas (LJOP, 1994). 
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MISCELLANEOUS APPLICATIONS OF ADSORPTION 

Hydrochloric Acid on Alumina 

Traces of hydrochloric acid can be removed effectively from gas streams by the use of 
activated alumina adsorbent. Although the acid is very strongly adsorbed, the rate of adsorp- 
tion is relatively low, apparently due to slow diffusion within the pores. The low rate pro- 
duces an extended MTZ which results in the requirement of a deep bed to attain an accept- 
able capacity prior to breakthrough. The use of the smallest practical particle size aids in 
reducing the length of the M E ,  and, therefore, increases the working capacity of alumina 
beds. Typical design capacities for a properly designed system are 6-8 Ib chloridd100 lb 
alumina for a standard alumina (Kaiser Aluminum & Chemical Corp., Type A-201) and 
12-14 lb/100 lb for a promoted alumina (Kaiser Aluminum & Chemical Corp., Type A-203 
CI) (Pearson and Janke, 1986). 

Radioactive Isotope Adsorption 

A highly specialized application of adsorbents is the removal of radioactive isotopes from 
exhaust air or other gas streams. Ruthven (1988) reports that Kr85 can be effectively 
adsorbed by silicalite or de-aluminized hydrogen mordenite (molecular sieves) in a chro- 
matographic-type column. Other unusual molecular sieve zeolites (silver cation type X or 
silver cation morganite) are effective adsorbents for 

Radioactive iodine resulting from nuclear reactor operations is commonly adsorbed on 
activated carbon. Problems encountered in this application include weathering by humid air, 
the presence of a portion of the iodine in compounds such as methyl iodide which are not as 
readily adsorbed, and the effects of radiation. At the Savannah River Plant (SW) activated 
carbon beds must be replaced after 3 to 5 years to ensure that iodine adsorption efficiency 
meets the required design level (99.85% removal (Milham, 1968). In this plant, Bamebey- 
Cheney Type 416 carbon is used to purify a flow of 100,ooO cfm of air. The effect of radia- 
tion on the adsorption of iodine and methyl iodide is described by Jones (1968). 

and can be regenerated thermally. 

Adsorption of Iron and Nickel Carbonyls 

Iron and nickel carbonyls are volatile compounds that are present in many industrial gas 
streams, particularly those with high concentrations of carbon monoxide which have been in 
contact with ferrous alloys at elevated temperature. A typical gas that may contain the metal 
carbonyls is the product gas from an oxygen blown gasifier. Since the carbonyls can poison 
catalysts used in subsequent operations, their removal is usually required. Golden et al. 
(1 99 1) screened five commercial adsorbents for effectiveness in removing iron carbonyl. 
Two of these, Calgon BPL activated carbon and Linde H-Y zeolite showed the highest 
capacity for the iron compound and were further tested for nickel carbonyl adsorption. The 
carbon showed higher capacity than the zeolite for both carbonyls, but poorer regeneration 
characteristics with the iron compound. It is concluded that an effective adsorption bed could 
consist of a zeolite layer on top to remove iron carbonyl followed by a layer of carbon to 
remove the nickel compound. The combination bed would be regenerated by purging with 
nitrogen at about 120°C (248OF). 
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INTRODUCTION 

The thermal and catalytic conversion processes described in this chapter involve the 
chemical reaction of one or more gas phase species, including the impurities to be removed, 
to form new species, which remain in the gas. In thermal processes the desired reaction 
occurs at an acceptably high rate as a result of operating the reactor at an elevated tempera- 
ture. In catalytic processes the reaction rate is accelerated at a low or moderate temperature 
by the presence of an active catalyst. 

The new compounds formed by the conversion reactions are either unobjectionable and 
therefore permitted to remain in the gas, or more readily removed than the initial impurities. In 
the first case, the thermal or catalytic conversion process constitutes the entire purification 
operation while, in the second case, additional steps, such as absorption or adsorption, are 
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required. Examples of the two cases are (1) oxidation of volatile organic compounds (VOCs), 
where the resulting carbon dioxide and water vapor remain in the gas and (2) catalytic conver- 
sion of organic sulfur compounds to H2S, which is then removed in a sparate step. 

Processes described in this chapter include (1) thermal oxidation of VOCs and odors, (2) 
catalytic oxidation of VOCs and odors, (3) catalytic oxidation of sulfur compounds to sulfur 
oxides, (4) catalytic conversion of organic sulfur compounds to hydrogen sulfide, (5 )  conver- 
sion of carbon monoxide to carbon dioxide (shift conversion), (6) conversion of oxides of 
carbon to methane (methanation), and (7) conversion of acetylene to ethylene (selective 
hydrogenation). 

Thermal and catalytic conversion processes that are not covered in this chapter include (1) 
processes associated with the removal of SO2, which are covered in Chapter 7; (2) processes 
used for converting H2S to elemental sulfur, including treatment of sulfur plant tail gas, 
which are covered in Chapter 8; and (3) processes for reducing NO,, which are covered in 
Chapter 10. 

Only two noncatalytic thermal conversion processes are important for gas purification. 
These are (1) the reaction of urea and/or ammonia with NO, to remove the NO, from hot 
combustion exhaust gas and (2) the reaction of oxygen with combustible impurities to oxi- 
dize them to less noxious species. NO, removal is discussed in Chapter IO, so thermal oxida- 
tion of VOCs and other impurities is the only process of this type described in this chapter. 
The discussion of reactor design for thermal conversion processes is, therefore, directed 
entirely toward this application, and is included in the section that follows. 

Thermal Oxidation of VOCs and Odors 

Oxidation is a very effective technique for removing small concentrations of VOCs and 
odor-causing compounds from exhaust gas streams before they are released to the atmos- 
phere. The process has the advantages over adsorption of being applicable to essentially all 
organic compounds, providing high efficiency at very low impurity concentration, and dis- 
posing of, rather than concentrating, the impurities. Carbon adsorption has an advantage over 
oxidation when the recovered organic compounds have significant value. 

Oxidation of VOCs in a gas stream with an excess of air (often called incineration) pro- 
duces primarily carbon dioxide and water vapor, which are relatively innocuous. When the 
gas impurities are chlorine- or sulfur-containing compounds, the products of combustion will 
normally include HCl and SO2. A significant concentration of these compounds in the incin- 
erator off-gas can result in the requirement for an auxiliary scrubber or other removal sys- 
tem. When nitrogen compounds are present in the feed, they typically form elemental nitro- 
gen; however, under some conditions the presence of nitrogen compounds in the feed can 
result in the emission of nitrogen oxides in the exhaust. 

Oxidation of the gaseous impurities may be accomplished in a thermal or catalytic inciner- 
ator. In the thermal incinerator a burner raises the temperature of the feed gas to a level high 
enough to cause a rapid reaction between combustible impurities and oxygen in the gas. The 
temperature required for thermal oxidation is typically over 1,200"F. In the catalytic inciner- 
ator a catalyst is used to increase the rate of the oxidation reactions at a lower temperature, 
typically about 600°F. Because of its higher operating temperature, a thermal incinerator 
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usually requires more fuel with a resulting higher operating cost than a catalytic unit; howev- 
er, it is simpler in design and typically has a lower capital cost. 

Process Description 

Thermal oxidation is probably the simplest and most efficient method of removing VOCs 
and odors from exhaust gas streams before they are released to the atmosphere. The process 
is typically applied to exhaust air streams where the quantity or type of organic material pre- 
sent does not justify recovery. 

In its simplest form, a thermal oxidation system consists of a burner and a refractory-lined 
chamber or afterburner. The burner provides a stable flame that raises the temperature of the 
impure feed gas to the required level, and the chamber provides the necessary residence time 
for the reactions to proceed. The burnerhfterburner system must also be designed to provide 
rapid and complete mixing so that all portions of the feed gas are subjected to the required 
timekemperature conditions. 

In most cases the gas to be processed is an exhaust air stream and contains an adequate 
concentration of oxygen, but insufficient fuel, to support combustion. It is therefore necessary 
to use an auxiliary fuel, such as natural gas or oil, in the burner. In the few cases where the 
gas to be processed is low in oxygen (Le., less than about 16%), additional air must be added. 

Since the gas leaves the afterburner chamber at an elevated temperature, it is usually eco- 
nomically attractive to recover some of the heat energy. This can be accomplished by using 
the hot gas to preheat the gas to be treated (primary heat recovery) or using it in an external 
system such as a waste heat boiler (secondary heat recovery). Feed-gas preheating is the 
most common heat recovery technique, and two types of systems are employed: recuperative 
and regenerative. Simplified flow diagrams of thermal incineration systems using recupera- 
tive and regenerative heat exchangers, respectively, are shown in Figures 13-1 and 13-2. 

Recuperative systems use conventional shell-and-tube or plate-type heat exchangers. 
Plate-type units are reported to be more economical for low to moderate temperature ser- 
vice (to about 1,000"F), while shell and tube are preferable for higher temperatures (van der 
Vaart et al., 1990). Because of the temperature limitations of conventional heat exchangers, 
recuperative systems are normally designed to heat the feed gas to no more than 1,200"F. A 
conventional shell-and-tube recuperative system can typically recover 60 to 80% of the 
available energy. 

When the gas contains a significant concentration of organic compounds, their oxidation 
can conbibute to the heat requirement of the system and, with sufficient heat recovery, it is 
sometimes possible to operate without the use of any auxiliary fuel. The relationship 
between the amount of heat recovery required, and the concentration of VOCs in the gas 
(expressed as percent of Lower Explosive Limit, LEL) for a typical case is shown in Figure 
13-3. As indicated in the figure, slightly less heat recovery is required for 1,400"F than for 
1,500'F operation. The dotted line represents a thermal oxidizer treating 2W°F exhaust air 
containing solvents equivalent to 20% of the LEL at an oxidation temperature of 1,400'F, 
and shows that about 58% heat recovery would be required for self-sustaining operation. 

In regenerative systems, the hot gas from the combustion chamber is passed through a 
packed bed of temperature- and chemical-resistant material such as chemical porcelain, 
which is heated while the gas is cooled. The gas leaves the bed at a low temperature, having 
given up most of its sensible heat to the ceramic. At the same time the feed gas stream, with 
auxiliary air, if required, is passed through a second, previously heated, packed bed which 
heats it to the preheat temperature and is cooled in the process. When the first bed is fully 
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Figure 13-2. Simplified flow diagram of three-bed thermal oxidation system with 
regenerative heat recovery and positive purge. 
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Figure 13-3. Relationship between solvent concentration, as a percent of LEL, and heat 
recovery required for self-sustaining operation of a thermal oxidizer. (Mclwee, 1993). 
Courtesy of Smith Engineeting Company 

heated and the second bed fully cooled, valves are actuated to switch the flows so that the 
hot gas passes through the cooled bed and the feed and air stream passes through the heated 
bed. The system is very efficient, providing up to 95% heat recovery. Auxiliary fuel is 
added, as required, in the combustion chamber. 

When a simple two-bed regenerative system is used, the inlet chamber and interstices of 
the bed being used to preheat the feed will be filled with contaminated gas at the end of the 
cycle. When flow is reversed, and the bed is used to cool the purified product, this contami- 
nated gas will cause a spike of high VOC concentration in the product gas at the beginning 
of the new cycle. This problem can be alleviated by the use of more than two beds and purg- 
ing each bed with purified gas before it is exposed to hot product gas. The effluent purge gas 
can be used in the burner or returned to the main gas stream. Since the purge period can be 
shorter than the preheat and cooldown periods, multi-bed systems can be designed to use 
several beds in active heating and cooling operation while only one at a time is being purged. 
A photograph of a 5-bed regenerative thermal oxidation system is shown in Figure 13-4. 

Regenerative systems have appreciably higher capital costs than recuperative systems; 
however, their lower fuel consumption makes them cost effective when large flows (greater 
than 10,OOO cfm) and low solvent concentrations (less than about 10% of the lower explosive 
limit) are present (Renko, 1990). The regenerative systems have other potential advantages. 
They can operate at temperatures up to about 2,000"F, while recuperative systems are limit- 
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Figure 13-4. A 145,000-scfm five-bed regenerative oxidizer with 86% heat recovery at 
a paper and film coating facility. Courtesy of Smith Environmental Corporation 

ed to hot gas temperatures of about 1,500"F. Temperatures above 1,500"F are sometimes 
necessary to attain the required destruction efficiency. Also, the regenerative systems are free 
of leakage and corrosion problems associated with the heat exchanger design; however, they 
do require large, gas-tight cycling valves, which are unnecessary in recuperative designs. 

Design Approach 

The basic elements in the design of thermal incinerators for gaseous impurities are the 
combustion chamber temperature and the time the reacting gas is held at the temperature. 
The two are interrelated, Le., if the residence time is reduced, the same destruction efficiency 
can often be realized by increasing the temperature. The destruction efficiency (or the 
required timekemperature combination) is also influenced by the type of compounds being 
destroyed and the degree of mixing in the combustion chamber. 

Table 13-1 gives the theoretical combustion chamber temperatures required to destroy 
99.99% of the listed compounds with a one-second residence time under excess air condi- 
tions (van der Vaart et al., 1990). Actual units are typically designed to attain significantly 
lower destruction efficiencies by providing somewhat less than 1 second reaction time at a 
temperature in the range of 1 ,20Oo-2,00O0F. 

On the basis of several studies, based on actual field test data, van der Vaart et al. (1990) 
report that commercial incinerators should generally be run at 1,600"F with a nominal resi- 
dence time of 0.75 seconds to provide 98% destruction of non-halogenated organics. Valentin 
(1990) states that highly effective destruction of odors is obtained with a residence time of 0.3 
to 0.5 seconds in the mixing chamber plus 0.1 to 0.3 seconds in the afterburner and an after- 
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Destruction 
Efficiency, 

% 

98 
99 

Table 13-1 
Theoretical Temperatures Required for 98.9996 Destruction by Thermal 

Incineration in One-Second Residence Time 

Compound Temperature, "F 

Acrylonitrile 1,344 
Allyl Chloride 1,276 

Benzene 1,350 
Chlorobenzene 1,407 

1,2-dichlomthane 1,368 
Methyl chloride 1,596 

Toluene 1,341 
Vinyl chloride 1,369 

Nonhalogenated Halogenated 
Temperature, Time, Temperature, Time, 

"F SeC. "F SeC. 

1,600 0.75 2,000 1 .o 
1,800 0.75 2,200 1 .o 

From van der Vaart et al. (1990) 

burner temperature in the range of about 1,200" to 1,500"F. These values average 0.6 seconds 
total residence time at 1,350"F. For VOCs, McInnes et al. (1990) suggest total residence times 
of 0.5 to 1.0 seconds at 1,200" to 1,600"F. Renko (1990) gives typical residence times of 0.33 
to 0.5 seconds for such service. Residence times and temperatures suggested in the EPA 
Handbook (1991) for 98 and 99% destruction efficiency are given in Table 13-2. In some 
states, residence time and temperature requirements are specified for thermal incinerators as 
these parameters can be monitored more readily than the outlet gas composition. 

When a regenerative heat exchanger with a thermal energy recovery in the 80 to 95% 
range is used, the temperature of the preheated VOC-containing gas will generally be higher 
than the ignition temperature of typical VOCs. For example, with 95% thermal energy 
recovery and a 1,500"F combustion chamber temperature, the preheated gas will be at 
approximately 1,430"F. As indicated by the data in Table 13-3, this is well above the igni- 
tion temperature for common VOCs, and some oxidation of VOCs will begin to occur (by 
design) in the packed bed before the gas enters the combustion chamber (Seiwert, 1993). 

Once a residence time and a combustion chamber temperature are selected, the design is 
relatively straightforward and includes the following steps: 

Table 13-2 
Design Parameters for Thermal Incinerators 
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Table 13-3 
Ignition Temperatures for Typical Volatile Organic Compounds (VOCs) 

voc 
Ignition Temperature, 

"F 

Acetone 870 
Acetonitrile 970 
Isobutyl Alcohol 780 
Isopropyl Alcohol 750 
Methanol 878 

Methylene Chloride 1,030 
Toluene 896 
Xylene 867 

Methyl Ethyl Ketone 759 

Data of Seiwert (1993). Courtesy of Smith Engineering Company 

1 .  Determine if dilution air is required to assure that the concentration of combustibles in the 
feed gas to the incinerator system is less than 25% of the Lower Explosive Limit (LEL), 
or less than 50% if continuous monitoring is employed. LEL and heat of combustion data 
for a number of compounds are given in Table 13-4. If dilution air is required, calculate 
the amount and the total quantity of feed. 

2. Assume a heat exchanger efficiency and calculate the feed stream temperature after heat 
exchange. The heat exchanger efficiency, E, is defined as the percent of the sensible heat in 
the flue gas between the combustion chamber outlet temperature and the unheated feed gas 
temperature that is transferred to the feed gas. E is approximately equal to the ratio (as a 
percent) of the temperature rise of the feed gas to the potential temperature rise if it were 
heated to the combustion chamber outlet temperature, Le., E = 100 (TF2 - TFI)/(TEI - TFI). 
where TFI is the temperature of the unheated feed gas; Tm is the temperature of the heated 
feed gas; and TEl is the temperature of the combustion chamber exit gas. This relationship 
can be used to estimate the temperature of the heated feed gas because the temperatures of 
the unheated feed and the combustion chamber outlet gas are known and the heat exchang- 
er efficiency can be estimated with reasonable accuracy. The EPA Handbook (1986) sug- 
gests assuming a value of 50% for E if no other information is available; however, efficien- 
cies as high as 80% for recuperative and 95% for regenerative heat exchangers are feasible. 

3. Calculate the amount of supplementary fuel that must be added to attain the desired com- 
bustion chamber temperature. In most cases the oxygen content of the feed gas will be 
high enough (over about 16%) to provide an adequate supply of oxygen for combustion of 
both fuel and impurities, and the concentration of combustible impurities will be so low 
that their heat of combustion can be neglected. When precise calculations are required, or 
when the feed gas contains a solvent concentration over 2-3% of the LEL, it is necessary 
to take the heat of combustion of the gas impurities into account. The amount of fuel 
required can be estimated using a simple heat balance around the combustion chamber. 
The calculated amount of fuel should be increased as required to account for 510% heat 
losses from the incinerator. If the heat balance indicates that excess heat is available from 
combustion of the VOCs, a lower efficiency heat recovery unit can be used or, with a 
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Table 13-4 
Lower Explosive Limit (EL) and Heat of Combustion of Selected Compounds 

Lower Heat 
LEL of Combustion 

Compound (ppmv) (Btdscf) 
Methane 
Ethane 
Propane 
n-Butane 
Isobutane 
n-Pentane 
Isopentane 
Neopentane 
n - H e x a n e 
Ethylene 
Propylene 
n-Butene 
1 -Pentene 
Benzene 
Toluene 
Xylene 
Acetylene 
Naphthalene 
Methyl alcohol 
Ethyl alcohol 
Ammonia 
Hydrogen sulfide 

50,000 
30,000 
21,000 
16,000 
18,000 
15,000 
14,000 
14,000 
11,000 
27,000 
20,000 
16,000 
15,Ooo 
13,000 
12,000 
11,Ooo 
25,000 
9,000 

60.000 
33,000 

160,000 
40,000 

892 
1,588 
2,274 
2,956 
2,947 
3,640 
3,63 1 
3,616 
4,324 
1,412 
2,114 
2,825 
3,511 
3,527 
4,196 
1,877 
1,397 
5,537 

75 1 
1,419 

356 
583 

Note: Heats of combustion based on 70°F and I atm. 

Data from EPA Handbook (1991) 

regenerative system, part of the gas can be permitted to bypass the packed beds. If no aux- 
iliary fuel is required, it is still customary to maintain a pilot burner in operation to assure 
stable operation of the combustion chamber. 

4. Calculate the combustion chamber volume. This requires that the actual volumetric flow 
rate of hot gas passing through the combustion chamber be known. If the auxiliary fuel is 
natural gas, the actual flow rate of hot gas will be equal to the flow rate of feed gas plus 
the flow rate of natural gas corrected to the combustion chamber temperature. The hot gas 
flow rate in the combustor must also include any air added to dilute the VOC concentra- 
tion to a safe value, raise the oxygen content of the gas stream, or support combustion of 
fuel in the burner. The required combustion chamber volume is calculated from the total 
gas volumetric flow rate, at the actual operating temperature and pressure, and the 
required residence time. The calculated volume is customarily increased by 5% to allow 
for fluctuations in operating conditions (EPA Handbook, 1991). 
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5. Determine the size of the heat exchanger required to heat the feed gas and cool the exit 
gas from the combustion chamber to the temperatures defined in step 2. For shell-and-tube 
recuperative heat exchangers this is a standard heat exchanger calculation. An overall heat 
transfer coefficient in the range of 2 to 8 Btum-ft O F  is typical for this type of heat 
exchanger (EPA Handbook, 1986). The design of regenerative heat exchanger systems is 
somewhat more complex, but is described in standard engineering texts (e.g., Perry and 
Green, 1984). 

Economics 

Capital cost curves for thermal incinerators (based on combustion chamber volume) and 
recuperative heat exchangers (based on surface area) are given in the EPA Handbook 
(1986). Equations and curves for estimating capital costs are also given by van der Vaart et 
al. (1990). Typical equipment costs read from the curves are given in Table 13-5. The tabu- 
lated costs represent equipment only. The total capital cost, including all direct and indirect 
costs of installation, can be approximated by multiplying the equipment cost by a factor of 
1.9. The result is in 1988 dollars and does not include any costs required for site preparation 
or buildings. According to McInnes et al. (1990), the total capital cost for a typical system 
capable of handling 20,000 scfm of polluted exhaust gas ranges from $380,000 to 
$480,000. Operating costs for a system of this size can range from $25,000 to $225,000 per 
year, depending primarily on the degree of heat recovery, the VOC concentration in the gas, 
and the operating schedule. 

CATALYTIC CONVERSION OF GAS IMPURITIES 

The field of chemical catalysis is extremely complex, and any attempt to discuss its theo- 
retical aspects, even in the most elementary form, would be beyond the scope of this book. 
Detailed discussions of the subject are available in a number of texts, (e.g., Perry and Green, 
1984; Lee, 1985; Carberry, 1976; Fogler, 1986; Smith, 1981; and Campbell, 1988). 

Table 13-5 
Equipment Costs for Thermal Incinerator Systems 

Heat Recovery, % 
Heat Exchanger 

0 so 70 9s 
none recup. recup. regen. 

Plant size, 
Mscfm 

3 
10 
50 

100 
Notes: 
1. Costs in April 1988 dollars. 

Equipment cost, M$ 

68 130 150 - 
90 170 200 300 

120 260 310 800 
- - - 1,360 

2. Costs are for equipment only, F.O.B, not installed. 
Data from van der Vaart et al. (1990) 
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Catalysis is based on the observation that the rate of certain reactions is influenced by the 
presence of substances-called catalysts-which are not changed by the reactions. Catalysts 
may increase (positive catalysis) or decrease the rate of reaction (negative catalysis) or direct 
the reaction along a specific path. Depending on the phase relationship between the catalyst 
and the initial reactants, catalytic processes may involve homogeneous or heterogeneous 
catalysis. Homogeneous catalysis is characterized by the fact that the catalyst and the reac- 
tants are in the same phase, while in heterogeneous catalysis the catalyst and the reactants 
are in different phases. Catalytic gas purification processes utilize positive catalysis and, 
since the catalysts are generally solids, involve heterogeneous catalysis. 

In heterogeneous catalysis the contact between the catalyst and the reactants at the phase 
boundary is of utmost importance. This contact is established by adsorption of the reactants 
on the catalyst surface, resulting in increased concentration of the reactants. Adsorption takes 
place in localized areas called “active centers.” The overall mechanism of heterogeneous 
catalysis involves (a) mass transfer of the reactants from the fluid to the catalytic surface and 
of the products from the catalytic surface to the fluid; (b) diffusion of reactants and reaction 
products into and out of the pores of the catalyst; (c) activated adsorption of reactants and 
desorption of products at the interface; and (d) surface reactions of adsorbed reactants to 
form chemically adsorbed products. Considering that each of these steps is quite complex in 
itself, the highly complicated nature of the overall mechanism can be appreciated. 

Catalysts used in most gas-purification processes are metals or metal compounds, usually 
supported on an inert carrier of large suface area. However, unsupported catalysts are also 
used. Typical carriers are alumina, ceramic (e.g., cordierite), bauxite, activated carbon, and 
metal wires. In cases where very highly active catalysts are required, the catalytic surface is 
“activated” by special procedures. It is not uncommon to use two or more catalytic materials 
in one preparation because the activity of one catalytic material may frequently be increased 
beyond that expected by the simple additive effect of the additional components. Additives 
of this type are known as promoters. 

Since catalysts are not changed or consumed during the conversion process, they are theo- 
retically usable for an indefinite period of time. In practice, however, most catalysts deterio- 
rate or are gradually deactivated during operation and have to be replaced or regenerated 
periodically. Loss in catalyst performance may be due to any of the following mechanisms: 

1. Poisoning is a loss in activity due to chemical reactions between the catalyst materials and 
substances present in the gas stream with the formation of stable reaction products. 

2. Masking is the gradual accumulation of heavy organic molecules, carbon, corrosion prod- 
ucts, metal oxides, or other impurities on the catalyst surface restricting access to active 
sites by gaseous reactants. 

3. Sintering is the agglomeration or densification of the catalyst or support material, which 
reduces the effective area of catalyst exposed to the process stream. 

4. Attrition is the breakup of catalyst shapes to form fine particles, which can result in 
increased pressure drop through the catalyst bed or excessive loss of catalyst by entrain- 
ment of small particles in the gas stream. 

Much of the progress in catalytic conversion processes has been in the development of cat- 
alysts, systems, and operating procedures that minimize the effects of these phenomena. Com- 
mercial catalysts must not only have the required activity and resistance to deactivation, but 
must also be available in shapes that provide effective contact with the gas at low pressure 
drop and meet installation and operating requirements such as recharging and regeneration. 
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The heart of a typical catalytic gas purification process is a contacting or reaction vessel, 
often called a reactor or converter, which contains the catalyst. The catalyst may be in the 
form of pellets, spheres, or granules arranged in single or multiple fixed beds or in tubes, or 
it may be in the form of a monolithic honeycomb panel, supported in a frame. Typical cata- 
lyst shapes used in fixed beds are shown in Figure 13-5. A commercial honeycomb configu- 
ration is illustrated in Figure 13-6. 

The size of the converter required for a given duty is determined primarily by the design 
space velocity for the specific reaction conditions. Space velocity is an indirect measure of 
the contact time between the gas and the catalyst. It is usually defined as the volume of gas 
at standard conditions passing through a unit volume of catalyst per unit of time. However, 
space velocity is occasionally expressed in terms of actual flowing gas volume per volume of 
catalyst per unit of time, and it is extremely important that the applicable definition be 
known before a space velocity value is used for design. 

Figure 13-5. Typical catalyst shapes used in fixed bed converters. Courtesy of Haldor 
Topsille, Inc. 

I v - - r - r r . t . T - .  - 
Figure 13-6. Honeycomb type, platinum metal group catalyst. Courtesy of€nge/hard Cow. 
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The design space velocity establishes the volume of catalyst required for a given conver- 
sion; however, other factors must be considered in establishing the bed depth and mss-sec- 
tional area. The chief factors are pressure drop, attrition (or particle entrainment in the case 
of upflow reactors), and channeling. Low depth-to-diameter ratios are indicated when pres- 
sure drop is an important consideration (as in low-pressure, high-volume, exhaust air pro- 
cessing). High ratios are used with high-pressure systems where the actual volume of gas is 
relatively small, and the cost of pressure containment is more important than the cost of 
moving the gas through the bed. Correlations for the calculation of pressure drop through 
beds of pelleted or granular materials are given in Chapter 12. Pressure drop data for special 
catalyst shapes and honeycomb monoliths are normally available from the suppliers. 

Catalytic Oxidation of VOCs and Odors 

Catalytic oxidation is similar to thermal oxidation in that the gaseous impurities to be 
destroyed are reacted with oxygen at elevated temperature to form primarily carbon dioxide 
and water vapor. It differs in that the reactions are ma& to occur at a relatively low tempera- 
ture by the use of a solid catalyst. The process is widely used for destroying VOCs and odor- 
ous compounds in exhaust air streams and for eliminating carbon monoxide from flue gas 
streams produced by combustion processes. It is also applicable for reacting hydrogen and 
oxygen in gas streams where either of these constitutes an impurity and the other is present 
in excess. 

Process Description 

Although the required operating temperature is much lower for catalytic than for thermal 
oxidation processes, the polluted gas stream must still be heated to a temperature high 
enough to initiate the reaction. Typical minimum temperatures for the initiation of catalytic 
oxidation of various organic compounds are given in Table 13-6. Both sets of data are based 
on the use of platinum metal group (PMG) catalysts. The data of Suter (1955) were obtained 
under typical commercial operating conditions at hydrocarbon concentrations corresponding 
to approximately 10% of the lower limit of flammability. 

Typically, the reaction temperature is in the range of 300" to ! W O O F ,  and is determined on 
the basis of the material being oxidized, the catalyst used, and the conversion desired. The 
temperatures required for 99% conversion of a large number of gaseous pollutants over Hal- 
dor Tops* metal oxide catalysts are given in Table 13-7. 

Recovery of heat from the gas leaving the reaction chamber is usually economical and, 
because of the relatively low temperatures involved, conventional metal gas-to-gas recupera- 
tive heat exchangers are used. 

A generalized flow diagram of a catalytic oxidation system is shown in figure 13-7. The 
gas to be purified is preheated to the desired temperature by mixing with the combustion 
products of a burner and/or by indirect heat exchange with the hot product gas or other heat 
source. The preheated gas is then passed through a bed of catalyst which accelerates the rate 
of reaction between oxygen and combustible impurities in the gas. Typically about 80 to 
99% of the impurities are destroyed. The hot product gas is usually cooled by heat exchange 
with the impure feed gas then vented to the atmosphere. 

Regenerative heat exchange can be used with catalytic as well as thermal oxidation. Such 
a system is offered by Haldor Top* AIS as the REGENOX process (Haldor Top*, 1990). 
In this process the catalyst also acts as the heat transfer medium for regenerative heat 
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Table 13-6 
Catalytii Ignition Temperatures of Typical VOC's and Hydrocahons 

Component 

~ ~ 

Catalytic Ignition Temp., 
"F "C 

Benzene 
Toluene 
Formaldehyde 
Methylethylketone 
Carbon monoxide 
Methane 
Ethane 
Propane 
n-Butane 
n-Pentane 
n-Hexane 
n-Heptane 
n-Octane 
n-Decane 
n-Dodecane 
n-Tetradecane 
o-Xylene 

400 
400 
300 
475 
320 
760 
680 
650 
570 
590 
630 
580 
490 
500 
540 
550 
470 

204 
204 
149 
246 
160 
404 
360 
343 
299 
310 
332 
304 
254 
260 
282 
288 
243 

Note: 
Values given are ignition temperatures; operating temperatures are always higher. 
Data on benzene, toluene, formaldehyde, methylethylketone, and carbon monoxide from Engelhard 

Balance of data from Suter (1955) 
Corp. (1991) 

exchange. Two beds are used with a burner between them. The feed gas is preheated by pas- 
sage through the first bed, further heated, if necessary, by the burner, then cooled while it 
passes through the second bed. After the second bed is thoroughly heated, the gas flow is 
reversed. 

Many catalyst chemical formulations and geometric shapes are used to promote oxidation- 
reduction reactions. Chemical types used for VOC oxidation include platinum, platinum 
alloys, copper chromate, copper oxide, cobalt oxide, chromium oxide, manganese oxide, and 
nickel. The catalysts are often categorized as platinum metal group (PMG) and base metal 
(or metal oxide) types. The active catalyst is often supported on an inert carrier such as 
gamma alumina. Catalyst forms include metal ribbons, mesh and gauze; honeycomb mono- 
liths; and small beads or particles that can be used in a fixed, fluidized, or moving bed. 

Catalytic oxidation systems are subject to poisoning or masking by halogens, phosphorus, 
lead, bismuth, arsenic, antimony, mercury, iron, tin, zinc, sulfur, alkali metals, and silica. 
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Table 13-7 
lowest Catalytic Combustion Temperature at Which Over 99% 

Conversion is Obtained 

Compound "C "F 
~ 

Ethylene 
Butane 
Butene 
Heptane 
Benzene 
Toluene 
Xylene 
Naphthalene 
Methanol 
Formaldehyde 
Ethanol 

1 -Pentanol 
Cresol 
Diisobutylketone 
Methylethylketone 
Butyric acid 
Ethylene oxide 
Phthalic acid anhydride 
Maleic acid 
Dibutylphthalate 
Pyridine 
Tributylamine 
Dimethylformamide 
Toluene diisocyanate 
Chlorobenzene 
Chloroform 
Acetonitrile 
Acrylonitrile 
Offset solvents 

Carbon monoxide 
Ammonia 
Hydrogen cyanide 
111-smelling exhaust air from: 

Onion/garlic processing 
Coffee roasting 
Meat destruction 

I-Propanol 

(boiling point 230-270°C) 

300 
290 
230 
275 
300 
270 
280 
270 
190 
190 
210 
210 
200 
240 
210 
240 
200 
190 
270 
200 
275 
250 
200 
230 
285 
380 
350 
220 
220 
260 

180 
250 
250 

200 
180 
200 

572 
554 
446 
527 
572 
518 
536 
518 
374 
374 
410 
410 
392 
464 
410 
464 
392 
374 
518 
392 
521 
482 
392 
446 
545 
716 
662 
428 
428 
500 

356 
482 
482 

392 
356 
392 

Votes: 1. Temperatures are bed inlet temperatures. 

Source: Haldor Tops#e A/S (1991A, 1993) 
2. Catalyst is Topsge CK-302 metal oxide. 
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BURNER CATALYST HEAT EXCHANGER 

POLLUTED STREAM, 100°F J 

AUX. FUEL PREHEAT 
SECTION, 
600°F 

AUX. AIR 
____) 

Figure 13-7. Simplified flow diagram of fixed bed catalytic oxidation system with 
recuperative heat recovery. 

PURIFIED GAS 
t- 

TO ATMOS. 

Based on the poison susceptibility of a Johnson Matthey platinum-rhodium catalyst oxidiz- 
ing ethane at 480°C the severity of poisons tested, on a molar basis, is in the following order 
(Jung and Becker, 1987): 

As > Fe > Na > P > Si02 

In these tests the silica was believed to act as a masking agent rather than a catalyst poison. 
In addition, solid particles in the feed stream can cause plugging of fixed beds of catalyst. 

In processing exhaust air streams containing VOCs, the presence of halogens is normally the 
most significant problem. Particulates, if present, can be filtered from the gas stream before 
they reach the catalyst, and the other poisons listed are seldom present in significant quanti- 
ties in such streams. 

Because of the widespread use of chlorinated hydrocarbons in industry, the presence of 
halogens in exhaust gas impurities is very common. This has caused problems, particularly 
with platinum group metal (F'GM) catalysts, which make up about 75% of the catalysts used 
for VOC destruction. Reportedly, the problem lies with the catalyst carrier or wash coat 
rather than with the catalytic metals. Alumina, which is usually used as the carrier, reacts 
with chlorine compounds to form aluminum chloride, which can cover or otherwise degrade 
the metal catalysts. According to Parkinson (1991), alternate carriers are being developed to 
avoid this problem. 

Several catalyst systems have recently been developed that resist poisoning by chlorine. 
An example is the AM International Eon-Abator system, which uses chromia-alumina cata- 
lyst granules in a shallow fluidized or moving bed (ARI International, 1992). The catalyst is 
formulated by impregnating chromia throughout a porous gamma alumina substrate. The cat- 
alyst particles are kept clean by the scouring action of the fluidized bed, which continuously 
exposes fresh active catalyst to the gas stream (Parkinson, 1991). 

According to van der Vaart et al. (1990), gases containing chlorinated compounds have 
been successfully oxidized over metal oxide catalysts such as chromialalumina, cobalt oxide, 
and copper oxiddmanganese oxide; while sulfur-containing VOCs can be oxidized by the 
use of platinum-based catalysts, which are rapidly deactivated by chlorides. 

Allied Signal offers two poison-resistant oxidation catalysts: Halocarbon Destruction Cat- 
alyst (HDC), which is claimed to be capable of reducing emissions of chlorinated hydrocar- 
bons by 9 5 8 ,  and Poison Resistant Oxidation (PRO) catalyst, which is designed to resist 
poisoning by phosphorus, silicon, and heavy metals (Shearman, 1992). 
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Detailed descriptions of a halogen resistant catalyst are presented by Lester (1989) and 
Summers et al. (1989). Figure 13-8, which appears in both papers, shows conversion effi- 
ciency curves for the destruction of C-1 chlorocarbons over Allied Signal HDC Catalyst. The 
ease of destruction is shown to increase as the number of chlorine atoms in the molecule 
increases. Tests reported by these authors also showed the HDC Catalyst to provide higher 
conversion efficiency (or to operate at lower temperature for the same conversion efficiency) 
than a chromia-alumina catalyst operated at the same space velocity with feed gases contain- 
ing various chlorinated and aromatic hydrocarbons. Herbert (1991) presents data that show 
essentially no change ih performance for the HDC Catalyst when operated for 1,600 hours at 
375°C with a gas stream containing 1,OOO ppm carbon tetrachloride, 9.8 vol.% water, and the 
balance air. 

The development of Allied Signal's poison-resistant catalyst is described by Summers et 
al. (1989) and Lester and Summers (1988). The work was conducted because of the rapid 
deactivation observed for a conventional PMG type catalyst used to oxidize VOCs in the 
exhaust air from dryers of lithographic web offset presses. The problem was found to be due 
to phosphorous introduced in additives to a solution used in the printing process. A new cata- 
lyst, designated PZ-1157, was developed specifically for such applications and tested in par- 
allel with the conventional catalyst. During the test period, samples of the catalyst were peri- 
odically removed from the inlet portion of the beds (where the highest concentration of 
poison is encountered) and tested for activity using n-heptane as the model hydrocarbon. 
Although both catalysts lost activity, the slopes of the conversion-vs.-time curves indicated 
that the new catalyst would have a useful life at least double that of the old material. The 
performance of the PZ-1157 catalyst in commercial graphic arts applications has shown 

Figure 13-8. Destruction of C-1 chlorocarbons over Allied Signat HDC Catalyst 
Conditions: Hfl concentration 1.5%; space velocity 15,000 hr ' ;  chlorocarbon 
concentrations, CCI4 900 ppmv, CHCl3 500 ppmv, CH2CI2 800 ppmv, CHBCl 600 ppmv. 
(Summers et a/., 1989 
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hydrocarbon conversion efficiencies over 95% for material in service as long as 40 months 
(Summers et al., 1989). 

A comprehensive description of PMG honeycomb monolithic catalysts of the type shown 
in Figure 13-6 is given by Heck et al. (1988). They point out that the honeycomb design 
provides the following advantages compared to packed beds of granules: 

1. Low pressure drop 
2. Fast warm up 
3. Low volume and weight 
4. No attrition, dimensionally stable 
5. No limitation on reactor orientation 
6. Good shock and vibration resistance 
7. High geometric surface area 
8. Resistant to plugging 
9. No channeling 
10. No dusting 
11. Efficient utilization of precious metal 
12. Cleanable 

Commercial honeycombs are available containing 10 to 600 cells per square inch (CPSI). 
Comparison of a 200 CPSI honeycomb with a particle bed of equal geometric surface area at 
equal space velocity indicates that the particle bed has 50 to 100 times higher pressure drop 
per foot of depth (Heck et al., 1988). 

The microstructure of a ceramic honeycomb structure wall is shown schematically in Fig- 
ure 13-9. The ceramic wall provides physical support, gas flow paths, and a high geometric 

DIRECTION OF GAS FLOW 

ACTIVE PRECIOUS METAL SITES 

Figure 13-9. Schematic diagram of wall structure of honeycomb type, platinum metal 
group catalyst. (Based on Heck et a/., 19eg 
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surface area; the carrier provides a stable, high surface area for catalyst dispersion; and the 
catalyst provides the active sites required to promote the oxidation reactions. 

Honeycomb structures are also available that use a metal rather than a ceramic substrate 
(Johnson Matthey. 1992). According to Jung and Becker (1987), the most common metal 
substrate design is a stack of alternate layers of flat and corrugated foil strips. The resulting 
metal monolith, with a cell density of 100, 200, or 400 CPSI, is covered with a washcoat of 
high surface area alumina that serves as a support for the active PGM catalyst. It is claimed 
that the metal honeycomb design gives a lower pressure drop for a given amount of catalyst 
coating and provides a further advantage over ceramic-based designs in situations where 
thermal shock is experienced (Jung and Becker, 1987). 

A catalyst that has been used effectively for oxidizing traces of acetylene in the air feed to 
low temperature separation plants and for providing hydrocarbon-free air for instruments and 
other special applications consists of a mixture of manganese dioxide and copper oxide, 
called Hopcalite. This catalyst also converts traces of carbon monoxide to carbon dioxide 
and traces of ozone to oxygen. The basic composition is about 60% manganese dioxide and 
40% copper oxide; however, relatively small additions of silver as a promoter have been 
found to make the catalyst particularly effective for most air streams (Rushton, 1954). The 
degree of conversion of several hydrocarbons over a commercial Hopcalite catalyst as a 
function of temperature is shown in Figure 13-10. 

The effectiveness of a catalyst system can be decreased by several mechanisms, including 
mechanical vibration, particulate abrasion, poisoning, masking, and thermal aging. Poisoning 
occurs when certain materials such as phosphorus, halogens, and heavy metals combine 
chemically with the catalyst forming inactive compounds. Masking is the result of the accu- 
mulation of solid material on the surface of the catalyst. It may be caused from entrained 
dust, metal oxides, or organic char formed by operating the reactor at too low a temperature. 
Thermal aging of precious metal catalysts is caused by the agglomeration of extremely small 
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Figure 13-10, Oxidation of hydrocarbons over commercial Hopcalite as a function of 
temperature. (Mine Safety Appliance Company) 
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catalyst particles to form larger particles reducing the available surface area. With metal 
oxide catalysts, thermal aging can be caused by sintering of the carrier or of the metal oxide 
catalyst particles. 

Careful design of the system can minimize the rate of catalyst deactivation by these phe- 
nomena. PMG catalyst that is deactivated by masking can often be regenerated by techniques 
that destroy or remove the foreign materials. Processes employed to regenerate such cata- 
lysts and typical results obtained in practice are described by Heck et al. (1988). Thermal 
aging can be minimized by operating at the lowest possible temperature and can be account- 
ed for in the design by the use of a suitable thermal aging model. The development of such a 
model for PMG catalysts is discussed by Cordonna et al. (1989). 

System Design 

The key elements in the design of catalytic oxidation systems are space velocity and tem- 
perature. Space velocity, as used in the design of VOC oxidation catalyst beds, is usually 
defined as standard cubic feet of gas per cubic foot of catalyst per hour. It has the units of 
reciprocal hours. Space velocity is not simply the reciprocal of residence time because (1) 
the gas volume is measured at standard not actual conditions, and (2) the catalyst volume is 
the total volume, including both solid catalyst and spaces for gas flow. 

Design space velocities for VOC oxidation are generally in the range of 10,000 to 60,000 
hr-' for precious metal catalysts and 5,000 to 15,000 h r '  for base metal oxide catalysts (van 
der Vaart et al., 1990). Much higher space velocities can be used for carbon monoxide oxida- 
tion over platinum-based honeycomb catalyst systems. Design values in the range of 100,OOO 
to 150,000 h r ' ,  depending upon temperature and conversion requirements, are suggested by 
Engelhard (1987), and successful test operation at even higher space velocities has been 
reported (Chen et al., 1989). 

Typically, the relationship between space velocity, temperature, and conversion efficiency 
is determined experimentally for the specific catalyst and gas composition involved, or is 
based on operating data from similar systems. Examples of space velocity/temperature/con- 
version test data are given in the following section. In selecting the space velocity and tem- 
perature values to be used for design, it is important to consider the possible effects of aging, 
poisoning, feed gas composition changes, and other factors on conversion efficiency during 
the life of the catalyst. 

Once design values for space velocity and operating temperature have been selected, the 
design procedure resembles that for thermal incineration. If heat recovery is to be used, the heat 
exchanger efficiency is assumed, and the temperature of the feed gas to the preheat chamber is 
estimated. A heat balance is made around the burner, preheat chamber, and catalyst bed to 
determine the amount of auxiliary fuel that must be burned to produce the design temperature 
in the catalyst bed. Heat produced by oxidation of the VOCs should be included in the heat bal- 
ance. The heat of combustion of typical VOCs is approximately 50 Btdscf of exhaust gas 
when the VOC concentration is 100% of the LEL. This results in a heat of combustion of about 
13 Btdscf when the VOC content is 25% of the LEX. (MECA Guf&hk,  1992). 

The following items should be considered in the thermal design of a catalytic oxidation unit: 

1. The temperature of the gas entering the catalyst bed must be above the catalytic ignition 
temperature. This temperature varies with catalyst and VOC, and is typically in the range 
of 300" to 900'F. Catalytic ignition temperatures for several compounds on precious metal 
catalysts are given in Table 13-6. 



2. The catalyst bed temperature must be high enough to give the desired conversion based on 
the design space velocity for the specific impurities and type of catalyst. Typical minimum 
temperature requirement data are given in Table 13-7. 

3. The catalyst bed temperature must not exceed the level that can cause deterioration of the 
catalyst or support. The maximum allowable continuous operating temperature ranges 
from 1,200' to 1,400'F depending on the type of catalyst. 

4. The auxiliary fuel burner should be operated to provide a minimum of about 5% of the 
total energy input regardless of heat exchanger capability to stabilize the flame in the pre- 
heat combustion chamber. 

5. The auxiliary fuel should not contain impurities (such as vanadium or sulfur) which can 
cause poisoning or masking of the catalyst. 

These limitations may result in the requirement to add dilution air to prevent excessive 
temperatures in the catalyst. In general, the heat of combustion of the gas entering the pre- 
heat chamber should be less than that of a gas with a VOC content about 20% of the LEL. 
These limitations may also affect the amount of heat recovery that can be utilized. 

Typical catalytic combustion unit design parameters are. listed in Table 13-8 (EPA Hund- 
book, 1991). The values given are considered quite conservative. The minimum inlet temper- 
ature of 600°F assures ignition of any likely organic compound in the gas, and the minimum 
outlet temperature of 1,000"F assures an adequate overall reaction rate, while the indicated 
maximum outlet temperature of 1,200'F is intended to prevent thermal degradation of the 
catalyst. The space velocities given in the table represent typical ranges for monolithic cata- 
lysts. Beds of pelletized or granular catalysts normally operate at lower space velocities. 

After establishing a heat and material balance around the burnedpreheat chambedcatalyst 
system, the total volumetric flow rate (scfh) of gases passing through the catalyst bed is cal- 
culated, including the flow rates of feed gas, diluent air, and combustion products. This total 
flow rate is used with the design space velocity to estimate the volume of catalyst required 
(volume of catalyst = total gas flow rate at standard conditiondspace velocity). 

The optimum configuration for the required volume of catalyst (Le., bed thickness and face 
area) is determined on the basis of pressure drop, gas distribution, and vessel size considera- 
tions. Pressure drop is normally the most important factor, and is limited to a few inches of 
water, due to the high cost of compressing large volumes of atmospheric pressure exhaust gas; 
however, the pressure drop must be high enough to provide good distribution of gas passing 

Table 13-8 
Typical Catalytlc Oxidation Unit System Design Parameters 

Parameter Typical Value 

Destruction efficiency, % 95 
Catalyst inlet temperature, O F  600 
Catalyst outlet temperature, OF 1,000-1,200 
Space velocity, Vhour: 

Base metal 10,OOO-15,000 
Precious metal 30,00040,000 

Data from EPA Handbook (1991) 
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through the catalyst bed. The pressure drop for hot gas flowing through platinum based hon- 
eycomb catalyst at 20 ft/sec is shown as a function of space velocity in Figure 13-11. The 
pressure drop through beds of granular catalyst particles can be calculated by the use of stan- 
dard packed bed correlations (see Chapter 12). 

Operating Data 

PGM catalysts are used extensively for controlling carbon monoxide emissions from gas 
turbine cogeneration systems and data on the development of this application are given by 
Chen et al. (1989). A schematic diagram of a carbon monoxide catalyst installation in a gas 
turbine system is given in Figure 13-12. A plot of carbon monoxide conversion vs. tempera- 
ture for three space velocities with an Engelhard PMG honeycomb catalyst is reproduced in 
Figure 13-13. The data are for a typical honeycomb structure containing about 200 cells per 
square inch (CPSI). Reducing this value to 64 CPSI reduces conversion from over 80% to 
about 55% at the same temperature (350°C) and space velocity (300,000 hr-I). Of course, 
reducing the number of cells per square inch also reduces the pressure drop (from about 0.6 
to 0.2 in. of water under the above conditions (Chen et al., 1989). 

The flow arrangement and operating conditions of a large catalytic oxidation system for 
the packing industry are shown in Figure 13-14. The installation, a Haldor Tops* CATOX 
design, employs both a recuperative heat exchanger and a heat recovery system. The concen- 
tration of VOC (acetone) in the exhaust gas is as high as 10 g/Nm3 (3,865 ppmv), and its 
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Figure 13-11. Pressure drop vs. space velocity for honeycomb type catalysts with 64, 
100, and 200 cells per square inch in carbon monoxide oxidation senrice at 350°C 
(662°F) and 25 Wsec face velocity. (Chen et a/., 1- 
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Figure 13-12. Schematic diaaram of catalvtic carbon monoxide oxidation system 
installed on a gas turbine. (cien et a/., 
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Figure 13-13. Carbon monoxide conversion vs. temperature for three different space 
velocities with a precious metal honeycomb catalyst. (Chen eta/., 7989) 

heat of combustion is used to produce steam and heat water. A total of 1.8 million kcal/h 
(7.1 million Btuh) is recovered with more than 75% in the form of high pressure steam. It is 
reported that the value of heat recovered can pay back the installation costs in about one year 
under West European economic conditions (Andreasen, 1988). 

Figure 13-15 is a photograph of a large fixed bed catalytic oxidation unit that cleans 
55,000 Nm3h (approximately 34,000 scfm) of exhaust air from a phthalic anhydride plant. 
The largest piece of equipment is the vertical gas-to-gas heat exchanger located in the left- 
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Figure 13-14. Flow diagram of CATOX catalytic oxidation system with recuperative 
heat exchange and two heat recovery units. (Andreasen, 1988) 

Figure 13-15. Large CATOX catalytic oxidation unit cleaning 55,000 Nm3/hr (34,200 
scfm) of exhaust air from a phthalic anhydride plant. The large vessel to the left of 
center is a vertical heat exchanger. The converter, a six-bed unit, is to right of center, 
and the fuel tank is at the far right. The horizontal start-up burner is in the foreground. 
Courtesy of Haldor Topsfle, Inc. 
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center of the picture. The reactor, which has six beds of catalyst, is to the right of the heat 
exchanger between two large vertical ducts. 

Data on the performance of a small (500 scfm) fluidized bed catalytic incinerator provided 
by ARI International are reported by Palazzolo and Jamgochian (1986). The purpose of the 
test program was to evaluate techniques for destroying chlorinated hydrocarbons in exhaust 
air that has been used for stripping contaminated water. The active bed consisted of a metal 
oxide catalyst on spherical pellets of aluminum oxide. The results showed a strong effect of 
temperature and type of VOC on destruction efficiency, but little effect of space velocity 
over the range of 7,000 to 10,500 hrr' or inlet VOC concentration over the range of 50 to 
200 ppmv. The effects of temperature and type of VOC on destruction efficiency are indicat- 
ed by the data in Table 13-9. 

Tests of a similar, though somewhat larger, fluidized bed unit are described by Hylton 
(1991). This unit is used to remove VOCs (primarily trichloroethylene, TCE) from 1,200 
scfm of air exiting a contaminated groundwater stripper. A simplified flow diagram showing 
both the Contaminated water stripping system and the fluidized bed oxidation unit is shown 
in Figure 13-16. Samples were taken of the inlet air stream, preheater effluent, and stack 
over a period of 19 months. During the test, space velocities ranged from 10,600 to 15,500 
h-' due primarily to the effects of catalyst loss and replenishment on the bed height. In addi- 
tion to increasing the space velocity, catalyst loss had the effect of decreasing the pressure 
drop through the bed, which varied from 1,490 to 2,100 Pa (6.0 to 8.5 in. of water). It was 
concluded that the unit was capable of achieving 99% destruction of TCE when operated at 
370°C and a space velocity of about 11,700 hr-I. 

Table 13-9 
Destruction Efffdency of a Fluidized Catalyst Bed for Test Compounds 

Component 

Cyclohexane 
Ethylbenzene 
Pentane 
Vinyl chloride 
Dichloroethylene 
Trichloroethylene 
Dichloroethane 
Tric hloroethane 
Benzene 
Tetrachloroethylene 

Notes: 

Destruction Efficiency, % 

650°F 950°F 
99 99+ 
98 99+ 
96 99+ 
93 99 
85 98 
83 98 
81 99 
79 99 
55 95 
52 92 

1. Values given are mean values based on all destruction eflciencies measured for the compound una 

2. Ranges of conditions: 
are not adjusted for differences in space velocity or other factors. 

Space velocity 7,000-1 0,500 hr-I 

Inlet concentration 1.0-14.1 ppmv 
Throughput 33&500 scfm 

Data from Palauolo and Jamgochian (1986) 
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Figwe 13-16. Simplified Row diagram of contaminated water stripping system with 
fluidized bed catalytic oxidation unit. ( H W ,  7991) 

Typical operating conditions and performance for the REGENOX regenerative heat 
exchange catalytic oxidation process as provided by Haldor Tops* (1990) are conversion 
efficiency: >99%, heat exchange efficiency: 95%. operating temperature in hottest zone: 
300°C (572°F). The system uses a metal oxide-based catalyst that is capable of operating at 
temperatures up to 600°C (1,112"F). 

Package type catalytic oxidation units that contain manganese dioxide-copper oxide cata- 
lyst are used commercially to destroy ethylene oxide emitted by sterilization systems. Figure 
13-17 is a photograph of such a unit installed on the roof of a building. This unit is unique in 
that it processes both a concentrated stream of ethylene oxide from the sterilizer and an 
exhaust air stream containing only traces of ethylene oxide. Inlet air passes through a pre- 
filter, heat exchanger, and heater in series, bringing its temperature up to at least 280°F. The 
hot air then enters a mixing chamber where ethylene oxide from the sterilizer vacuum pump 
is introduced through a flame arrestor and distribution manifold. The &-ethylene oxide mix- 
ture next passes through two series mounted catalyst cells where ethylene oxide is oxidized 
to carbon dioxide and water. The guaranteed efficiency is 99.9% destruction of ethylene 
oxide in the sterilizer exhaust and 99.0% destruction in the low concentration air stream 
(Donaldson Company, Inc., 1992). 

Economics 

According to McInnes et al. (1990), catalytic oxidation systems have a capital cost about 
40% higher than thermal units, but lower maintenance costs. An operating cost of about 
$15,000 per year is said to be typical for a 20,000 cfm system, excluding catalyst replacement. 

A curve for estimating the cost of a catalytic incinerator as a function of the gas flow rate 
is given in the EPA Handbook (1986). The cost of the heat exchanger, from another curve, 
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Figure 13-17. Ethylene oxide oxidation unit. Exhaust from sterilizer vacuum pump 
enters via black line on right. Courtesy of Donaldson Company, Inc. 

and of the catalyst, from the manufacturer, must be added to obtain the major equipment pur- 
chased cost. Equations and curves for estimating capital costs are also given by van der 
Vaart et al. (1990). Typical equipment costs read from the curves for fixed and fluidized cat- 
alytic incineration systems are given in Table 13-10. These numbers include the catalyst and 
all auxiliary equipment F.O.B., but not installation. The complete installed cost can be 
approximated by multiplying the equipment cost by a factor of 1.9. The result is total cost of 
the incineration system in April 1988 dollars, but does not include any costs for site prepara- 
tion or buildings. 

A simplified procedure for developing the conceptual design and costs of a catalytic oxi- 
dation unit is given in the MECA Guidebook (1992). The procedure includes equations for 
performing the steps outlined in the previous “System Design” section and a simple equation 
for estimating the equipment cost for processing an exhaust stream containing a low VOC 
concentration (<25% LEL) at atmospheric pressure and a catalyst bed temperature below 
1,200”F. The equipment cost is converted to a total system installed cost by multiplying by 
an appropriate factor. 

Catalytic Oxidation of Sulfur Compounds to Sulfur Oxides 

The catalytic oxidation of sulfur compounds in gas streams is the basis for numerous gas 
purification processes, most of which are covered in other sections of this book. The oxida- 
tion of SO2 to SO3 as part of a sulfur dioxide removal process is discussed in Chapter 7. The 
oxidation of H2S to elemental sulfur by the Claus process and related technologies is covered 
in Chapter 8. The liquid-phase oxidation of H2S to elemental sulfur is described in Chapter 
9, and the oxidation of H2S and other sulfur compounds in dry boxes and in other sulfur 
scavenging processes is included in Chapter 16. An area of technology that is not covered 
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Heat Recovery, % 
Catalyst Bed 

Plant size, 
Mscfm 

3 
10 
25 
50 

Table 13-10 
Equipment Costs for Catalytic Incinerator Systems 

0 50 70 
Fixed Fluid Fixed Fluid Fixed Fluid 

88 130 110 140 120 150 
180 220 200 240 240 275 
280 410 350 480 390 550 
330 - 500 580 - - 

elsewhere is the selective catalytic oxidation of sulfur compounds in combustible gas 
streams to form sulfur dioxide and trioxide, which are then neutralized. The technology is no 
longer commercially significant, but it is historically interesting and may find future applica- 
bility. Three processes in this category were widely used for the purification of manufac- 
tured, coke oven, and synthesis gas during the 1930s and 1940s. They are described in detail 
in previous editions of this book, but only very briefly in the next section. 

Katasulf Process 

The Katasulf process was developed in Germany in the early 1930s by Hans Bahr (1938). 
It is based on the somewhat surprising discovery that oxygen reacts selectively with hydro- 
gen sulfide in the presence of hydrogen at 750"F, with a suitable catalyst, to form sulfur 
dioxide and water. The primary purpose of the process was to remove hydrogen sulfide and 
ammonia, present in coke-oven gas, in a single system while producing salable ammonium 
sulfate and elemental sulfur. 

In the basic form of the Katasulf process, the gas was first passed through an electrostatic 
filter for tar removal and then preheated to 750°F by heat exchange with the gaq leaving the 
catalytic converter. After addition of air, the gas was admitted to the catalyst chamber where 
the H2S was converted to SO2. Because of the exothermic nature of the reaction, the gas tem- 
perature increased considerably in the converter. The exit gas was partially cooled by heat 
exchange with the incoming gas. It was then passed through an absorption tower where it 
was washed countercurrently with a concentrated aqueous ammonium sulfite-bisulfite solu- 
tion, which absorbed both the SO2 and NH3. 

The circulating ammonium sulfite-bisulfite solution was maintained at a salt concentration 
of 50 to 60% by continuous withdrawal of a side stream. This stream was acidified with sul- 
furic acid, and the resulting salts converted to ammonium sulfate in solution and liquid ele- 
mental sulfur by heating under pressure at 290°F. 
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The preferred catalyst for the Katasulf process was composed of two metals--one (e.g., 
iron, nickel or copper) combined with the hydrogen sulfide to form metal sulfide, and the 
other (e.g., tungsten, vanadium, or chromium) served as an oxygen carrier. 

The process was not highly efficient by today's standards. In one commercial plant, the 
H2S was reduced from 450 grainsllOO scf to about 0.6; the NH3 was reduced from 250 
graindl00 scf to about 0.6; and the organic sulfur was reduced from 23 grainsA00 scf to 
about 12 (Biihr, 1938). 

North Thames Gas Board Process for Organic Sulfur Removal 

This process was probably an outgrowth of the Carpenter-Evans process described in a 
later section, as the same catalyst material, nickel subsulfide was used; however, the technol- 
ogy is quite different, involving oxidation rather than reduction. The process was developed 
as a means of removing organic sulfur compounds from coal gas after hydrogen sulfide 
removal by conventional iron oxide dry boxes. It has been described by Griffith (1952) and 
Plant and Newling (1948). 

After purification in dry boxes, the gas was pressurized slightly (to 20-30 in. water); pre- 
heated in a gas-to-gas heat exchanger to about 430"-570°F and passed through the bed of 
catalyst. Oxidation of the sulfur compounds, and some of the hydrogen, caused an increase 
in gas temperature to about 700°F at the catalyst bed exit. The hot gas was partially cooled in 
the heat exchanger then further cooled by washing with a dilute solution of sodium carbon- 
ate, which also served to remove the SO2. 

The catalyst was made by boiling &in. china pellets in a solution of nickel sulfate followed 
by drying at 750°F and sulfiding with hydrogen sulfide contained in coal gas. The product 
contained approximately 8% nickel subsulfide. The kinetics of the oxidation reactions were 
investigated by Crawley and Griffith (1938) who concluded that carbon disulfide is 
chemisorbed and oxidized by impact with oxygen, while carbonyl sulfide reacts by collision 
with chemisorbed oxygen. A space velocity of about 1,OOO scf/(h)(cu ft of catalyst) was used. 

A major problem of the process was rapid deactivation of the catalyst by the deposition of 
carbonized and tarry materials. As a result of the deposition, it was necessary to remove the 
catalyst every 3-4 months and regenerate it by controlled oxidation at 800" to 1,050"F in a 
separate kiln. 

The process was only moderately effective in removing sulfur compounds. It reduced the 
total organic sulfur content of the gas by about 70% (from 29 to 9 graindl00 scf); however, 
most of the sulfur in the residual gas was thiophene which is known to be an extremely sta- 
ble compound. 

Soda Iron Process 

This process was disclosed in Germany in 1934 and widely used for the removal of organ- 
ic sulfur compounds from synthesis gas. It represents an extension of the classical iron oxide 
dry box process. Its basis is the oxidation of organic sulfur compounds to oxides of sulfur at 
elevated temperatures over a catalyst consisting of hydrated iron oxide and sodium carbon- 
ate. The oxides of sulfur react with the sodium carbonate and are retained in the bed as sodi- 
um sulfate. The required oxygen is provided by adding a small amount of air to the gas 
ahead of the catalytic converters. The process, as it was practiced at a German installation, 
has been described in detail by Sands et al. (1948). 

The catalyst consisted of a mixture of natural iron oxide ore with 30 to 70% sodium car- 
bonate. The catalyst was used until about 90% of the sodium carbonate had been converted 
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to sodium sulfate. The process was very effective in removing organic sulfur, but required 
the use of several converters in series and low space velocities. In one German plant operat- 
ing at essentially atmospheric pressure with a space velocity of about 90 vol/(vol)(hr) and at 
temperatures in the converters from 300" to 500"F, the organic sulfur concentration was 
reduced from about 19 grains/lOO scf to 0.05 graid100 scf. Experiments reported by Sands 
et al. (1950) showed that by operating at a pressure of 300 psig, a temperature of 480" F, and 
a space velocity of 450 voY(vol)(hr), 25 grains of organic sulfur/100 scf could be reduced to 
less than 0.1 in a simulated synthesis gas. 

Although the catalyst was very effective for the conversion of carbonyl sulfide, carbon 
disulfide, and mercaptans, it was ineffective for thiophene. Other problems with the process 
were the low space velocities required and the need to remove and dispose of spent catalyst 
containing all of the collected sulfur as sodium sulfate. 

Conversion of Organic Sulfur Compounds to H2S 

The principal organic sulfur compounds present in industrial gas streams are carbonyl sul- 
fide, carbon disulfide, mercaptans of low molecular weight, sulfides such as dimethylsulfide, 
disulfides such as dimethyldisulfide, and thiophene. The concentrations of these compounds 
vary over a considerable range and often depend on the prior processing history of the gas 
stream. For example, the mercaptan content of natural gas may vary from less than 1 
graid100 scf to 5-10 grains/100 scf depending upon the extent of ethane, propane, and 
butane removal in a preceding natural gas liquids recovery step. Total organic sulfur concen- 
trations in coal and synthesis gases nlade from high-sulfur fuel range typically from 20 to 50 
graindl00 scf with carbonyl sulfide and carbon disulfide as the major ingredients. In refiner- 
ies, organic sulfur compounds are found primarily in gas streams from delayed cokers, vis- 
breakers, and fluid catalytic cracking units. Concentrations can range up to several hundred 
graindl00 scf (as sulfur) depending on the process, the sulfur content of the feed, and the 
presence of contaminants such as flue gas or air in the gas stream. 

The organic sulfur compounds are much less acidic than hydrogen sulfide and are there- 
fore not effectively removed by conventional alkaline solution-based hydrogen sulfide 
removal processes. Physical solvents, however, generally show a very high solubility for 
organic sulfur compounds (see Chapter 14). The absorbed organic sulfur compounds are not 
destroyed in the process, but appear in the acid gas stream, which is usually fed to a Claus 
sulfur plant where they are converted to elemental sulfur along with the hydrogen sulfide. 

The catalytic conversion of organic sulfur compounds in coal gas to be used as fuel is no 
longer a commercially significant operation. However, the technology is important in the 
purification of gas streams used in the synthesis of ammonia, synthetic natural gas, 
methanol, and other chemicals. It is also a necessary part of Claus type sulfur plant technolo- 
gy; however, this application is covered in Chapter 8. 

Basic Chemistry 

The principal chemical reactions taking place in the catalytic conversion of organic sulfur 
compounds to hydrogen sulfide can be expressed by the following equations: 

Hydrogenation reactions: 

CS;! + 2H2 * C + 2H2S (13-1) 
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COS + H2 = CO + H2S 

RCHZSH + H2 = RCH3 + H2S 

(13-2) 

(13-3) 

( 13-4) 

Hydrolysis (in the presence of water vapor): 

CS2 + 2H20 = CO? + 2H$ (13-5) 

COS + H 2 0  = CO? + H2S ( 13-6) 

Resides the reactions shown in equations 13-1 to 13-6, a number of other reactions, 
involving oxygen, hydrogen, hydrogen sulfide, hydrocarbons, nitrogen compounds, and car- 
bon monoxide may also take place, depending on the feed-gas composition and the operating 
conditions. For example, hydrogenation of carbon disulfide may be represented by the fol- 
lowing mechanism: 

CS? + 4H2 = 2H2S + CH4 (13-7) 

CS2 + H20 + H2 = CO + 2H2S (13-8) 

Side reactions occurring in the treatment of coal gas with different catalysts have been 
investigated by Key and Eastwood (1946). These authors found that significant amounts of 
mercaptans may be formed from hydrogen sulfide and unsaturated hydrocarbons, depending 
on the temperature and catalysts used. Wedgewood (1958) gave a detailed study of side reac- 
tions occurring in a plant using the Holmes-Maxted process, which is described later in this 
chapter. Side reactions resulting in the formation of polymeric materials, which deactivate 
the catalyst, are especially undesirable. 

Equilibrium constants for the hydrolysis of carbon disulfide according to equation 13-5 
have been determined experimentally by Terres and Wesemann (1932). Since the reaction 
takes place in two steps, the equilibrium constants for the two intermediate reactions- 
shown in equations 13-9 and 13-IO-were determined, and the constant for the overall reac- 
tion was obtained by simple multiplication: 

H2S + CO, = H,O + COS ( 13-9) 

COS + H2S = CS2 + H20 (13- 10) 

As can be seen, the reaction in equation 13-9 is the same as that in equation 13-6, which 
represents the hydrolysis of carbonyl sulfide. The first reaction, equation 13-9, was studied 
within the temperature range of 350" to 600°C (662" to 1,112"F) and the second reaction, 
equation 13-10, at 700" to 900°C (1,292" to 1,652"F). The experimental data were extrapo- 
lated over the range of 20" to 1,OOO"C (68" to 1,832"F) by conventional thermodynamic cal- 
culations. The equilibrium constants thus obtained for the reactions in equations 13-5 and 
13-6 and the opposite of the reaction in equation 13-10 are shown in Table 13-11. 

Key and Eastwood (1946) determined equilibrium constants for the hydrogenation of car- 
bonyl sulfide (equation 13-2) at 300°C (572°F) and 600°C (1,112"F). A value of 15.0 was 
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~ ~~ 

7.55 

13.8 
10.9 

16.0 
17.8 
19.0 

Table 13-1 1 
Equilibrium Constants for the Hydrolysis of Carbonyl Sulfide and Carbon Disulfide 

6.99 x 10" 

1.27 x IO7 
1.03 x 109 

2.72 x 105 
1.68 x 104 
1.81 x 103 

20 
100 
200 
300 
400 
500 
600 
700 
800 
900 

1 ,OOo 

7.25 x 105 
3.16 x 104 
2.75 x 103 
5.55 x 102 
1.85 x lo2 

81.0 
43.1 
26.1 
17.3 
12.3 
4.5 

7.15 x 109 
3.84 x 107 
7.15 x 105 
5.28 x 104 
8.33 x 103 
2.22 x 103 
7.94 x 102 
3.45 x 102 
1.74 x lo2 

100.0 
63.0 

Source: Data of Terres and Wesemann (1932) 

5.21 x 1015 

1.91 x 109 
2.9 x 107 

1.8 x 105 

9.2 x 103 
3.0 x 103 
1.2 x 103 

1.21 x 1012 

1.5 x lo6 

3.4 x 104 

2.8 x lo2 

found for the equilibrium constant at both temperatures. Although these authors do not claim 
high accuracy for their experiments, calculation of the constants for the hydrolysis reaction 
(equation 13-6), from the experimental values and accepted values for the equilibrium con- 
stants of the water-gas reaction, gives good agreement with the experimental data of Terres 
and Wesemann. 

The equilibrium constant for other reactions can be calculated with fairly good accuracy 
from thermodynamic data such as those presented by Kelley (1937). Calculated equilibrium 
constants for the reactions in equations 13-1 and 13-2 are shown in Table 13-12. 

Table 13-1 2 
Equilibrium Constants for the Hydrogenation of Carbonyl Sulfide and 

Carbon Disulfide 

Temperature, 
"K "C 

500 227 
600 327 
700 427 
800 527 
900 627 

1 ,OOo 727 
I Source: Calculatedfrom data of Kelley (1937) 
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Hisl;orical Background 

Carpenter-Evans Ptacess. The first catalytic process used commercially for the hydro- 
genation of organic sulfur compounds was developed in England by Carpenter (1913) and 
Evans (1915). The catalyst used in this process was a sulfide of nickel, shown by Evans and 
Stanier (1924) to be nickel subsulfide with the formula Ni3S2. The catalyst was prepared by 
soaking firebrick in a solution of nickel chloride, heating to 930°F to obtain nickel oxide, 
and reacting the product with hydrogen sulfide in crude coal gas to form the active nickel 
subsulfide. 

The catalyst was found to be most active at 800" to 850°F converting about 80% of the 
organic sulfur in the gas to hydrogen sulfide. During operation, carbon deposited on the cata- 
lyst as a result of the carbon disulfide hydrogenation reaction (reaction 13-l), and periodic 
regeneration was required. In one plant the catalyst was regenerated every 30-35 days. This 
was accomplished by blowing air through the bed at a temperature somewhat lower than the 
normal operating temperature. In commercial applications on coal gas, the hydrogen sulfide 
formed was normally removed by the use of iron oxide dry boxes. 

Holmes-Mated Process. The most extensively used commercial process for removing 
organic sulfur compounds from coal-derived fuel gases was invented by E. B. Maxted 
(1937) and developed by W.C. Holmes & Company, Ltd. of England. The process has been 
described in considerable detail by Wedgewood (1958), Maxted and Priestly (1946), Maxted 
and Marsen (1946), Priestly and Marris (1947), Priestly (1957), and Priestly (1958). In 1958 
it was reported that the process had been used in more than 50 installations ranging in capac- 
ity from 5,000 to 4,000,000 scf/d of gas (W.C. Holmes & Co., 1958). 

The Holmes-Maxted process catalyst was a normal thiomolybdate with the formula, for a 
bivalent metal, M, of MMoS4. M was typically copper, iron, zinc, cobalt, or nickel. A com- 
mercial catalyst, e.g., copper thiomolybdate, was made by impregnating granular bauxite 
with a solution containing copper molybdate, ammonium sulfate, and excess ammonia; heat- 
ing to about 750°F to drive off ammonia and decompose ammonium sulfate; and finally 
forming the thiomolybdate by contacting the catalyst with gas containing hydrogen sulfide at 
a temperature between 570" and 750°F (Maxted and Priestly, 1946). 

The process used a special converter design which allowed catalyst to be added and 
removed semicontinuously. This was necessary because of the continuous formation of car- 
bon on the catalyst. Fresh catalyst was added at a rate of about 1 cu WMMscf of gas, and an 
equivalent amount, containing about 10 wt% carbon, was removed. The spent material was 
regenerated in a separate vessel by contact with a mixture of air and flue gas at a controlled 
temperature in the range of 480" to 660°F. 

Results from one year of continuous operation of a plant treating about 500,000 scf/d of 
coal gas are given in Table 13-13. Removal efficiencies for individual sulfur compounds in 
the same installation are given in Table 13-14. The data show that the total organic sulfur 
removal efficiency of the process depended strongly on the type of sulfur compounds pre- 
sent. The process was quite efficient for carbon disulfide removal; much less so for carbonyl 
sulfide; and very poor for thiophene. 

Current Practice 

Most ammonia plants utilize natural gas or light hydrocarbons as feedstock and include 
three major catalytic operations: steam reforming, shift conversion, and ammonia synthesis. 
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Thiophene 
Carbon disulfide 
Carbonyl sulfide 
Total organic sulfur 

Table 13-13 
Typical Operating Results of Holmes-Maxted Process (one year's operation) 

4.5 3.6 20 
14.5 1.3 91 
4.1 1.8 56 
23.1 6.7 71 

Operating variables 
Total gas volume treated, cu ft 198,105,000 
Average daily gas volume treated, cu ft 542,000 

755,000 
Fuel gas used for catalyst regeneration, cu ft 126,OOO 
Catalyst discharged from converter, Ib 12,310 
Catalyst regenerated, Ib 10,800 
Catalyst temperature, "F 680-725 
Space velocity, vol/(vol)(hr) 1,300-2,000 
Pressure drop through catalyst, in. H 2 0  2.8 
Organic sulfur, grains/100 scf: 

Inlet 23.1 (average) 
Outlet 6.7 (average) 

Inlet 1.1 (average) 
Outlet 0 

7.5 

Fuel gas used for heating converter, cu ft 

Oxygen, %: 

Carbon on spent catalyst, % 

Source: Priestly, 1957 

Table 13-14 
Typical Removal of Individual Organic Sulfur Compounds (one year's operation) 

Conc., graindl00 cu ft 
Compound Outlet Removal, % 

The synthesis catalysts are extremely sensitive to sulfur, and it is necessary to reduce the 
concentration of all sulfur compounds to very low levels prior to the synthesis step. The pre- 
ferred purification practice with natural gas or light hydrocarbon feed is to remove the bulk 
of the sulfur from the hydrocarbon feedstock in an absorption or adsorption unit and the final 
traces of sulfur in a nonregenerative zinc oxide bed (see Chapter 16). 

The zinc oxide bed is not very effective in capturing organic sulfur compounds at its nor- 
mal operating temperatures. When such compounds are present, it is therefore necessary to 
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convert them to H2S before the gas enters the zinc oxide bed. This is usually accomplished 
by hydrogenation in a bed of cobalt-molybdenum catalyst, which may be located in a sepa- 
rate vessel or installed as a layer on top of the zinc oxide. 

The catalysts are composed of cobalt and molybdenum oxides on an active alumina base. 
Typical chemical and physical properties of a commercial hydrotreating catalyst recommend- 
ed for converting organic sulfur compounds to hydrogen sulfide are given in Table 13-15. 
This catalyst must be sulfided prior to use. Its general range of operating conditions are tem- 
perature 500"-750"F, pressure 1W.500 psig, and space velocity 500 to 1,500 cu ft/(cu ft)(hr) 
(United Catalysts, Inc., 1985). 

Catalysts used for the hydrogenation of organic sulfur compounds in hydrocarbon gas 
streams are typically operated in the temperature range of about 650"-700"F. Temperatures 
above about 750°F cannot be tolerated because of potential damage to the gamma alumina 
substrate. At typical operating pressures, a hydrogen concentration of at least 2% (or a 
hydrogen partial pressure of at least 10 psia) is required in the gas stream to drive the hydro- 
genation reactions at a satisfactory rate (Huber, 1993). 

Since sulfur compounds are normally present at very low concentrations (1-10 ppm), their 
hydrogenation does not cause a very significant temperature change within the bed. When 
olefins are present in the feed stream, however, they will also be hydrogenated in the pres- 
ence of an active cobalt-molybdenum catalyst. Since the hydrogenation of olefins is highly 
exothermic, it may be necessary to use a feed temperature considerably below the 
650"-700"F operating range to avoid exceeding the upper temperature limit. The feed tem- 
perature must, of course, be high enough to initiate the olefin hydrogenation reaction-typi- 
cally about 450°F. 

When the feed to a synthesis operation is derived from the gasification of coal or heavy oil 
rather than from the reforming of natural gas, it will normally contain COS as well as H2S. If 
hydrogen sulfide is removed from the gas and the gas is then passed through a shift conver- 
sion catalyst, the COS will be converted to H2S (at approximately its equilibrium concentra- 
tion), and the H2S produced can then be removed in a later step. On the other hand, if the gas 

Table 13-1 5 
Properties of Hydrodesulfurization Catalyst 

Catalyst designation: 
Catalyst form: 1.R in. extrusions 

Chemical composition, wt% 

United Catalysts, Inc. C49- 1-4.0 

c o o  3.0-4.0 
M003 9.0-1 1 .O 
A1203 83-88 

35 f 3 
Surface area, m2/g 200-300 
Pore volume, cclg >29.2 A" 0.55-0.65 
Crush strength, Ib (min. avg.) 15 
Attrition, wt% loss < 5  

Other heavy metals <0.10 
Bulk density, Ib/cu ft 

Data provided by United Catalysts, Inc. (1993) 
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SHIFT 

CONVERSION + 
HEAT 

RECOVERY 

is not first treated for hydrogen sulfide removal, or if some of it does not contact shift con- 
version catalyst, it is necessary to include a separate COS conversion step before hydrogen 
sulfide removal. A flow sheet of such a system as applied to methanol synthesis is shown in 
Figure 13-18 (Udengaard and Berzins, 1985). 

COS can be converted to H2S by hydrogenation (reaction 13-2) or hydrolysis (reaction 
13-6). Hydrogenation is normally accomplished with a cobalt-molybdenum catalyst, which 
is also active for shift conversion. If shift conversion is not desired during the COS removal 
step, a hydrolysis catalyst, which is not active for shift conversion, can be utilized. One 
such catalyst is Tops* CKA, which consists mainly of activated alumina and is available 
as 3 x m (M or % in.) extrudates. Table 13-16 shows operating conditions 
and COS converter performance for five cases. The first four are projected values for plants 
designed to produce synthetic natural gas (SNG), methyl alcohol (MeOH), fuel for a power 
plant, and ammonia. The fifth case presents actual operating data from a coal-to-ammonia 
plant. The COS concentrations in the product gas streams represent values close to equilib- 
rium for the composition and temperature conditions in the converters. 

or 6 x 
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Table 13-1 6 
Typical COS Conversion Unit Performance On Coal-Based Plants 

CaSe 1 2 3 4 5 
Pressure, atm 
Temperature, "C 
Gas comp., wt.% dry 

H2 
co 
CO2 
H2S 
Inerts 

H20/dry gas, mol ratio 
COS conversion data 

Inlet, ppmv 
Outlet, ppmv 
Conversion, % 

31.2 
224 

47.9 
16.0 
32.8 
0.1 
3.3 

0.27 

70 
3 

96 

24.2 
191 

44.6 
22.3 
29.8 
0.7 
2.6 

0.26 

400 
8 

98 

24.2 
235 

35.8 
44.6 
18.0 
1 .o 
0.6 

0.68 

500 
6 

99 

31.6 
204 

53.2 
2.9 

42.2 
1 .o 
0.7 

0.4 1 

51 
10 
80 

~ 

31.2 
214 

52.4 
2.8 

42.6 
0.8 
1.4 

0.42 

22 
7 

68 
Notes: Case 1. Synthesis Gas for SNG, Projected. 

Case 2. Synthesis Gas for Methanol, Projected. 
Case 3. Gas for Combined Cycle Power, Projected. 
Case 4. TVA Ammonia from Coal Plant, Projected. 
Case 5. TVA Ammoniafrom Coal Plant, Op. data. 
Data of Udengaard and Berzins (1985). Reproduced with permission from Acid and Sour Gas 

Treating Processes, edited by S. A. Newman, Copyright 1985, Gulf Publishing Co. 

Conversion of Carbon Monoxide to Carbon Dioxide (Shift Conversion) 

Formation of hydrogen and carbon dioxide by the reaction of carbon monoxide with water 
vapor in the presence of a catalyst is one of the earliest industrial applications of catalysis. 
The technology of this process, which is known as shift conversion, has been highly devel- 
oped since its early inception, and, at present, it is used extensively for the production and 
purification of hydrogen. The process is applicable to the treatment of hydrogen produced in 
partial oxidation units, steam-hydrocarbon reformers, water-gas generators, and steam-iron 
reactors. It is also suitable for the adjustment of the H2/C0 ratio in synthesis gases and the 
purification of gases produced in controlled-atmosphere generators. Since the process is 
aimed more at the production of hydrogen than at its purification and has been adequately 
covered in the literature, the following discussion is limited to a general description of the 
process, its characteristics, and applications. 

Process Description 

A typical process system is illustrated by the schematic flow diagram of Figure 13-19, 
which is based on the treatment of gas produced by the reforming of natural gas hydrocar- 
bons with steam. The 1,500" to 1,600"F gas mixture emerging from the reformer, which con- 
tains mainly hydrogen, carbon monoxide, and carbon dioxide, is used to generate high pres- 
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sure steam and is cooled to about 700°F in the process. For hydrogen plants using a reactive 
or physical solvent for carbon dioxide removal, steam may be added to the cooled reformer 
effluent as indicated in Figure 13-19. The added steam forces the shift reaction (equation 
13-11) to the right to produce higher purity hydrogen. Plants using Pressure Swing Adsorp- 
tion (F'SA) for hydrogen purification do not normally use steam addition prior to the high 
temperature shift. 

The gas is then passed through the bed of catalyst in the first (high temperature) conver- 
sion stage. About 80 to 95% of the carbon monoxide is converted to carbon dioxide, and a 
quantity of hydrogen is produced, which is equivalent to that of the carbon monoxide react- 
ed. A typical temperature rise across this reactor is 100°F. The first conversion stage is pri- 
marily intended for the production of hydrogen and is, therefore, not considered to be a gas 
purification step. 

The hot gas leaving the first converter is cooled to about 400°F by generating steam 
and/or preheating boiler feed water. The gas is then passed through the second (low tempera- 
ture) shift conversion stage with a temperature rise of about 40°F. While most plants utiliz- 
ing a reactive or physical solvent for carbon dioxide removal have a low temperature shift 
converter, most PSA-based plants do not. In plants that do have a low temperature converter, 
the effluent from this unit is often cooled by heating boiler feedwater and, finally, by heat 
exchange with air or cooling water before carbon dioxide removal by a conventional tech- 
nique, such as adsorption in a PSA unit or absorption in a reactive or physical solvent. Car- 
bon dioxide removal processes are described in detail in Chapters 2,3 ,5 ,  12, and 14. 

The flow scheme depicted in Figure 13-19 may be modified in many ways. Two of the 
most common modifications are (a) the use of the outlet gas from the low temperature con- 
verter to provide heat to the amine plant reboiler, and (b) the addition of a methanator for 
conversion of the last remaining traces of carbon monoxide and carbon dioxide. The shift 
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LOW TEMPERATURE CONTACTOR 

SHIFT (LTS) 

Figure 13-19. Schematic flow diagram of a shift conversion plant. 
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conversion process may be operated over a considerable range of pressures and tempera- 
tures, depending primarily upon the conditions of the gas source and requirements for the 
product. Pressures from 30 to over 600 psig are not uncommon. Typical operating tempera- 
tures range from about 400" to 500°F for low temperature catalysts, and from about 600" to 
950°F for high temperature catalysts. Hydrogen plants utilizing PSA produce hydrogen that 
is up to 99.99% pure; while plants using amine, hot potassium carbonate, or physical solvent 
systems produce 9 6 9 7 %  pure hydrogen. 

catalysts 

Two basic types of catalyst are normally used for shift conversion, depending on the tem- 
perature at which the reaction is carried out. The high temperature catalyst is typically 
chromium-promoted iron oxide, which is active within the temperature range of about 650" 
to 950°F. Typical preparations contain 70 to 80% ferric oxide and 5 to 15% chromic oxide 
and are available as tablets of various sizes (e.g., ki x Ix,  in. and W x 3 6  in.). This catalyst is rel- 
atively insensitive to sulfur compounds. 

Low temperature catalysts typically contain copper and zinc and are effective over a tem- 
perature range of about 350" to 650°F. They are used where very low carbon monoxide con- 
centrations are required in the product gas. These catalysts are extremely sensitive to poison- 
ing by sulfur compounds, and the feed gas has to be thoroughly desulfurized before 
contacting the catalyst. Chlorides and silica from entrained boiler feedwater in the steam can 
also poison the low temperature catalyst. Since the equilibrium for the shift reaction is more 
favorable at lower temperatures, almost complete conversion of carbon monoxide-on the 
order of 99%-is possible with low temperature catalysts. 

Since the shift conversion reaction is exothermic, the gas increases in temperature as it 
passes through the bed when a significant amount of CO is reacted. This has an adverse 
effect on equilibrium conditions at the converter outlet. As a result, and also because the low 
temperature catalyst is more expensive than the high temperature catalyst, the most economi- 
cal system is usually a combination arrangement in which both high- and low-temperature 
catalysts are used with intercooling of the process gas between stages, as shown in Figure 
13-19. About 80 to 95% conversion is obtained in the first (high temperature) section, and 
essentially all of the remaining CO is removed in the low-temperature catalyst section. 

The properties of high-temperature and low-temperature shift conversion catalysts are 
given in Table 13-17. In addition to the basic high- and low-temperature types, several alter- 
native formulations have been developed to meet special requirements. 

One potential problem in the shift conversion operation is the formation of hydrocarbons 
by Fischer Tropsch reactions. This occurs primarily in the high-temperature shift converter 
and is favored by increasing CO/C02 ratio, decreasing s t e d g a s  ratio, and increasing tem- 
perature (Hartye, 1985). Side effects of Fischer Tropsch reactions are the generation of unde- 
sirable by-products and the deposition of carbon on the high-temperature catalyst. Several 
improved shift conversion catalysts have been developed to minimize the problem. One ver- 
sion was developed in 1985 by United Catalysts, Inc. The catalyst, designated C12-4, is 
based on the use of copper as a promoter in a conventional Fe/Cr catalyst. The promoted cat- 
alyst was found to greatly reduce the formation of byproducts and to provide a 25% 
improvement in activity compared to classical iron-chromium based catalysts. The new 
material was supplied to more than 50 plants during 1987-1992 (Kujang, 1992). 

The Haldor Tops0e high-temperature shift-conversion catalyst, SK-201, described in 
Table 13-17, also contains a small amount of copper as a promoter. This formulation is 
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Table 13-17 
PropertiesofShiftConversionCatalysts 

High temperature: 
Catalyst designation SK-201 
Catalyst composition 

Iron, wt% 59 
Chromium, wt% 6 
Graphite, wt% 4 
Sulfur, ppmw 4 5 0  
Oxygen, as metal oxide balance 

Normal operating temperature, O F  610-930 
Optimal inlet temperature, O F  610-660 
Normal operating pressure, psig 0-700 

Low temperature: 
Catalyst designation 
Catalyst composition 

Base 
Copper content, Ib/cu ft (approx.) 

Activation 

Normal operating temperature, O F  

Normal inlet temperature, O F  

Poisons 

LK-801 

copper, zinc, aluminum 
19 

Reduction by Hz in a carrier gas at 
300"-44S°F for 20 hr 

>375; 25-35 above 
dew point 

sulfur, chlorine, silica 

375-525 

~ 

HaMor Tops&, Inc. (1989,1992) 

reported to practically eliminate the formation of hydrocarbons at typical steam/carbon ratios 
and to provide an activity appreciably higher than conventional chromia-promoted iron 
oxide catalysts (Haldor Top*, Inc., 1992). A copper-promoted high-temperature shift con- 
verter catalyst is also offered by ICI. 

A highly active sulfur-tolerant shift-conversion catalyst has been developed for use with 
high sulfur concentration synthesis gas. This catalyst utilizes mixed metal sulfides and 
requires the presence of sulfur compounds in the gas to remain active (Nielsen and Hansen, 
1981). The sulfur tolerant catalyst can operate over a wide range of temperatures 
(39Oo-890"F), and offers the advantage of allowing sulfur and carbon dioxide removal to be 
accomplished in one step (Haldor Top*, Inc., 1991B). 

More complete information on shift conversion catalyst availability and properties, as well 
as design methods for shift converters employing both high- and low-temperature catalysts, 
are available from catalyst manufacturers. 

Basic Chemisiry 

Carbon monoxide reacts exothermally with steam at elevated temperatures according to 
equation 13-1 I .  
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Temperature, 
OK "C 

CO + H20 = CO;? + H2 (13-11) 

(COS)(HZ) 
(CO)(H,O) 

Heat of Reaction K =  
AH, d / g  mole 

The heats of reaction and equilibrium constants, within the range of 500" to 1,000"K 
(439" to 1,34l"F), are given in Table 13-18. The reaction results in no change in gas vol- 
ume. The equilibrium is, therefore, not significantly affected by pressure. Since the reaction 
is exothermic, the gas temperature increases as it passes through the catalyst bed-about 
13°F per dry mole percent CO converted. 

Design and Operation 

The important design variables for a shift converter are temperature, pressure, space 
velocity, steadgas ratio, and the carbon monoxide content of the inlet gas. Since these vari- 
ables interact, some working in opposite directions, it is not possible to defiie generally 
valid optimum operating conditions, and, therefore, each case has to be analyzed individual- 
ly. However, certain generalizations with respect to individual variables can be stated. 

The activity of conventional high-temperature shift conversion catalysts increases marked- 
ly with temperature and is sufficiently high at 650°F for commercial operation at pressures 
above 100 psig. Somewhat higher operating temperatures are normally required at near- 
atmospheric pressures. Higher temperatures may also be required to account for the reduc- 
tion of catalyst activity as it ages. Kujang (1992) gives a plot of high temperature catalyst 
activity vs. time onstream that shows a drop to about 55% of its original value after five 
years. He suggests gradually raising the catalyst inlet temperature from its initial value of 
650"-680"F to a final value of 730"-750"F to compensate for loss of activity due to aging. 

The more active copper-promoted, high-temperature shift catalysts can be operated at 
somewhat lower temperatures. Haldor Tops* (1992) recommends 610"-660"F as the opti- 
mum inlet temperature for their SK-201 copper-promoted irodchromia-based catalyst and 
report that it can be operated at temperatures down to 570°F. 

The space velocity used in commercial installations depends to a considerable extent on 
other operating conditions. Typical values for the high-temperature converter range from 
about 1,000 to 3,000 vol/(vol)(hr). Somewhat higher space velocities may be used in the sec- 

Table 13-1 8 
Heats of Reaction and Equilibrium Constants for Shift-Conversion Reaction 

-9.520 
-9.294 

700 427 -9.05 1 8.95 
800 -8.802 4.1 1 
900 627 -8.553 2.20 

1 ,OoO 727 -8.31 1 1.37 

Source: Data of Wagman et al. (1945); Nielsen and Hansen (1981) 
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ond- and third-stage converters where the carbon monoxide concentration in the inlet gas is 
quite low. 

The steadgas ratio required for optimum conversion varies with both temperature and 
pressure. For a given set of operating conditions, with respect to pressure and temperature, 
conversion f i t  increases with an increasing s tedgas ratio and after reaching an optimum, 
decreases upon further addition of steam. This behavior is due to the favorable effect on the 
equilibrium of high concentrations of water vapor and the unfavorable effect of decreased 
contact time. 

Steaddry gas ratios ranging from 1:1 to 5:l volhrol are typical for first stage conversion, 
and 0.51 to 1:1 voYvol are normally used in the second and third stages. There can be an 
economic advantage to operating the ammonia plant reformer section at a lower steadgas 
ratio, which results in a low steadgas ratio in the feed to the first shift conversion stage. 
According to Hartye (1985), several hundred ppm of hydrocarbons may be produced if the 
high-temperature converter is operated with a s t e d g a s  ratio below 0.6 voYvol with inlet 
CO/COz levels above 1.6. The production of hydrocarbons can be minimized by (1) adding 
more steam at the first stage converter inlet, (2) operating the converter at a lower tempera- 
ture, or (3) using a special high-temperature catalyst formulation that inhibits by-product 
formation. 

The carbon monoxide content of the inlet gas is not an important design variable with 
regard to the attainable approach to equilibrium. Concentrations ranging from a few percent 
to more than 50% have very little effect on the percentage of conversion obtained in a prop- 
erly designed unit. 

Conversion of Carbon Oxides to Methane (Methanation) 

Catalytic hydrogenation of carbon monoxide and carbon dioxide to methane is normally 
used to eliminate small quantities of these compounds remaining in gas streams after bulk 
removal by other techniques. A typical application of the process is in the removal of small 
amounts of residual CO and C02 from hydrogen, following shift conversion and bulk 
removal of CO2 by absorption. The methanation process is suitable for the pdica t ion  of gas 
streams containing the oxides of carbon at a maximum concentration of about 2.5 mole 8, 
and is particularly advantageous if the presence of methane in the treated gas is not objec- 
tionable in processes following the methanation step. Under proper operating conditions, the 
reaction goes almost to completion, and exit gases containing only a few ppm of the oxides 
of carbon are obtained. 

Removal of carbon monoxide and carbon dioxide by methanation is required for the pro- 
tection of certain hydrogenation and ammonia synthesis catalysts against rapid deactivation. 
It is also necessary when the hydrogen is used in hydroprocessing operations because COz 
and CO can lead to temperature excursions and catalyst damage in the reactors. Furthermore, 
methanation is an essential step in the reaction systems associated with the Fischer-Tropsch 
synthesis and with the production of synthetic natural gas from liquid hydrocarbons and coal. 
Grayson (1956) presented a detailed discussion of methanation in connection with the Fisch- 
er-Tropsch process. 

The methanation process used in the production of synthetic natural gas is substantially 
different from the purification application described in this section. It involves the methana- 
tion of high concentrations of carbon oxides and is conducted at high temperatures. The heat 
evolved during the reaction is usually recovered by the generation of high-pressure steam. 
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One version, the RM process, in which methanation is carried out in several stages, is 
described by White et al. (1974). 

A description of methanator design and operation is given by Allen and Yen (1973). 
These authors point out the danger of forming nickel carbonyl (a highly toxic gas) by the 
reaction of elemental nickel in the catalyst with CO in the gas. The reaction is favored by 
high pressure and low temperature. To avoid the formation of nickel carbonyl, it is recom- 
mended that the operating temperature be maintained above 400°F whenever the pressure is 
above 300 psig. 

An alternative technique for removing CO and C 0 2  from synthesis gas is a two-step 
process involving methanolation (the conversion of the carbon oxides to methanol) to 
remove most of the impurities, followed by methanation to remove the last traces. The pro- 
duction of methanol has the potential advantage over methane of using less hydrogen and 
producing a potentially useful byproduct. The methanol is removed from the gas stream by 
water scrubbing. The resulting solution may then be distilled for recovery of a commercially 
pure methanol byproduct or recycled to the reformer to recover the hydrogen content 
(Sogaard-Andersen and Hansen, 1991). 

Process Description 

Although many types of catalysts have been investigated for the hydrogenation of carbon 
monoxide and carbon dioxide to methane, catalysts of high nickel content are most common- 
ly used for gas purification. Typical commercial preparations contain 20 to 35% nickel and 
are available in the form of tablets, extruded pellets, rings, and small spheres of various 
sizes. The catalyst does not require regeneration, and has a typical service life on the order of 
ten years when operated with a poison-free feed gas. The properties of a typical methanation 
catalyst are given in Table 13-19. 

Methanation catalysts are easily poisoned by sulfur, and, therefore, sulfur compounds 
must be removed from the gas stream before it enters the methanator. The flow scheme of 

Table 13-1 9 
praperties of Methanation Catalyst 

Catalyst designation PK-5 
Composition 

Canier Alumina 
Catalyst, wt % Ni in reduced catalyst 27 

Surface area, mz/g 250 
Configuration Kin. OD extruded rings 
Normal inlet temperature, OF 
Maximum contin. operating temperature, O F  

Temperature increase across methanator, 

about 570 
840 

"F per 1% CO 135 
"F per 1% C 0 2  108 
OF per 1% O2 315 

Data of Haldor Tops#e, Inc. (1988) 
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the process is quite simple. A flow diagram typical of the final purification step in a hydro- 
gen plant using either a physical or reactive solvent is depicted in Figure 13-20. A heat 
exchanger using high-temperature shift-converter effluent is used to start the methanator by 
heating the feed gas to about 600°F. When the methanator is operating, the temperature rise 
across the reactor is approximately 50"F, resulting in an outlet temperature of about 650°F. 
With this temperature rise, the methanator feeaeffluent heat exchanger can be designed to 
supply all the heat required for feed preheat during normal operation, and the heat exchanger 
using the high-temperature shift effluent for heating the methanator feed is often not required 
after steady-state operation has commenced. Commercial methanation reactors normally 
contain a single bed of catalyst with a minimum depth to diameter ratio of 1: 1. 

Basic Chemistry 

The reactions involved in methanation of carbon monoxide and carbon dioxide can be rep- 
resented by equations 13-12 and 13-13: 

CO + 3H2 = CH4 + H20 (13-12) 

COZ + 4H2 = CH, + 2H20 (13-13) 

The heats of reaction and equilibrium constants within the range of 400" to 1,000"K (261" to 
1,341"F) are shown in Table 13-20. 

EXCHANGER 

EF 

TO LTS 
REACTOR 

STEAM 
BFw GENERATORS 

GAS FROM 
CO2 REMOVAL 

Figure 13-20, Schematic flow diagram of a methanation unit. 
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Table 13-20 
Heats of Reaction and Equilibrium Constants for Methanation of Carbon 

Monoxide and Carbon Dioxide 

Temperature, 
"K "C 

400 127 
500 227 
600 327 
700 427 
800 527 
900 627 

1,000 727 

Heat of Reaction 
AH cal/g mole 

Eq. (13-12) Eq. (13-13) 

-50.353 -40.643 
-5 1.283 -41.763 
-52.061 -42.768 
-52.703 -43.652 
-53.214 -44.412 
-53.610 -45.058 
-53.903 -45.592 

Source: Data of Wagman et al. 1945 

4.009 x 1015 
1.148 x 10'O 
1.980 x lo6 
3.726 x lo3 

27.97 
0.131 

0.0265 

2.709 x lo i2  
8.712 x lo7 
7.310 x lo4 
4.130 x IO2 

6.032 
0.2888 
0.0365 

Design and Operation 

The process can be operated over a considerable range of temperatures and pressures. Inlet 
gas temperatures may vary from 350" to 750°F; however, because of the unfavorable equi- 
librium at elevated temperature, the exit gas temperature should not exceed 825°F. The 
strongly exothermic nature of the reaction results in a temperature rise during conversion of 
135°F for each 1% CO; 108°F for each 1% CO,; and 315°F for each 1% 0,. These values 
can be used to estimate the required inlet temperature which will result in the desired final 
temperature. The large amount of heat generated by the reaction is a primary reason that the 
process is considered unsuitable for the treatment of gases containing more than about 2.5 
mole % carbon oxides. 

The pressure range over which the process can be operated extends from essentially 
atmospheric pressure to 12,000 psig. Space velocities of 1,000 to 2,000 volumes per volume 
per hour are typical for operation at atmospheric pressure. Much higher space velocities-up 
to 20,000 volumes per volume per hour-can be used at elevated pressures. Operation at 
very high pressure usually results in carbon-oxide concentrations below detectable limits. 
Typical operating conditions for a commercial installation are given in Table 13-21. The 
data indicate that no significant change in catalyst activity or pressure drop occurred over a 
period of more than four years. 

Selective Hydrogenation of Acetylenic Compounds 

Most olefinic gas streams obtained from refinery off-gases or from the cracking of saturat- 
ed hydrocarbons contain acetylenic compounds in concentrations ranging from a few tenths 
of 1% to about 2%. These compounds must be removed if the olefins are to be used for the 
production of certain petrochemicals. Although liquid purification processes employing 
selective solvents have been developed, selective catalytic hydrogenation is usually the pre- 



Thermal and Catalytic Conversion of Gas Impurities 1181 

~ 

Table 13-21 
Methanator Operating Data for 1,150 t/d N& Plant 

Catalyst age, months 33 86 

Temperature, OF 
Inlet 601 597 

Bottom of bed 62 1 643 

Inlet 402 40 1 
Outlet 397 396 

Inlet, % 0.22 0.38 

Midpoint 62 1 642 

Pressure, psig 

CO Concentration 

Outlet, ppmv <1 - 
Data of Haldor Tops@, Inc. (1988) 

ferred technique, especially if the acetylenic compounds are present in relatively low con- 
centrations and gas of very high purity is required. 

Process Desicription 

Removal of acetylene may be effected at several points during the olefin purification 
process. The selection of the most economical arrangement depends on a great many factors 
and has to be evaluated for each specific case. Basically, the choice is between treating the 
raw, cracked gas or the purified olefin stream. Acetylene concentrations of less than 10 
ppmv in the final product gas can be obtained by treatment at either point in the process. In 
most commercial processes, acetylene is removed from the cracked gas, usually after 
removal of aromatics and acid gases. In some installations selective catalytic hydrogenation 
is used to eliminate small concentrations of acetylene and its homologues from purified 
olefin streams. A detailed discussion of the advantages and disadvantages of acetylene 
removal at various points of the olefin recovery and purification system was presented by 
Reitmeier and Fleming (1958). 

Catalysts suitable for selective hydrogenation of acetylenic compounds in cracked gas 
streams contain elements of group VI and VIII of the periodic table. An early catalyst was 
molybdenum sulfide supported on activated alumina (Key and Eastwood, 1946). This was 
followed by the development of cobalt molybdate and nickel based catalysts (Giaro, 1956; 
Barry, 1950). Modem catalysts for impure (sulfur-bearing) cracked gas streams typically 
contain nickel, cobalt, and chromium on a silica-alumina base (United Catalysts, 1993). 

Palladium and promoted palladium catalysts are used for the hydrogenation of small 
amounts of acetylenic compounds from purified olefin streams. These catalysts are sensitive 
to sulfur poisoning and, therefore, the feed gas must be free of sulfur prior to hydrogenation. 
The noble metal catalysts are more active than the base metal types and can therefore operate 
at lower temperatures-as low as 80°F-and are capable of producing effluent purities 
below 1 ppmv acetylene under optimum conditions. An improved catalyst, consisting of pro- 
moted palladium on alumina, was introduced by United Catalysts, Inc., in 1988. The catalyst 
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300 27 

600 327 

800 527 
900 627 

1,OOO 727 

400 127 
500 227 

700 427 

is reported to remove acetylene selectively while increasing ethylene yields, and to provide a 
longer than normal life cycle compared to previously available catalysts (Parkinson and 
Johnson, 1989). 

Commercial plants for selective acetylene hydrogenation consist usually of two or three 
reactors containing the catalyst in fixed beds. One or two beds (operating in parallel) are in 
operation, while the third is being regenerated. The gas usually flows downward through the 
catalyst bed and is not cooled during the reaction. Regeneration, which is necessary to 
remove polymeric materials from the catalyst, is accomplished by the use of superheated 
steam, or a mixture of steam and air, which flows upward through the catalyst. Steam may 
also be added to the inlet gas to control selectivity and to remove particulate matter. 

-41.711 -74.45 1 3.37 x 1024 1 . 1 9 ~  1042 

-43.311 -77.21 1 1.19 x 109 3.31 x 1014 

-43.676 -78.157 1.28 x IOs 2.82 x 107 
-44.014 -78.432 5.88 x 103 1.17 x 105 
-44.099 -78.584 2.23 x lo2 1.46 x 103 

-42.368 -75.553 7.63 x 10l6 2.65 x IO2* 
-42.911 -76.485 1.65 x loi2 1.31 x 1G0 

-77.767 6.50 x 106 3.10 x 10'O -43.645 

Basic Chemistry 

Hydrogenation of acetylene and methylacetylene can be represented by the following 
equations: 

C2Hz + Hz = C2H4 (13-14) 

CZH2 + 2H2 = C2H, ( I  3- 15) 

C3H4 + H2 = C3H6 (13-16) 

C3H4 + 2H2 = C3Hs (13-17) 

The heats of reaction and equilibrium constants for equations 13- 14 and 13- 15 within the 
range of 300" to 1,000"K (80' to 1,341 OF) are given in Table 13-22. 

Table 13-22 
Heats of Reaction and Equilibrium Constants for Hydrogenation of 

Acetylene to Ethylene and Ethane 
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Design and Operation 

Reactors most commonly used in the process consist of cylindrical vessels containing the 
catalyst in an adiabatic fixed bed with a maximum depth of about 10 ft. The bed depth-to- 
diameter ratio is normally less than 1 : 1. In cases where the concentration of acetylene in the 
feed gas is sufficiently high to cause an excessive temperature increase during the conver- 
sion operation, isothermal tubular reactors are used, with the catalyst inside the tube and a 
coolant on the outside. 

Process conditions depend on the type of gas being treated and the catalyst employed. 
Acetylene removal from cracked gas streams containing sulfur, carbon monoxide, and a 
large excess of hydrogen can be carried out with nickel/cobalt/chromium/sulfur-based cata- 
lysts at 300” to 500°F and 50 to 500 psig. Such an operation will provide a product stream 
containing less than 10 ppmv acetylene. 

Sulfur-free cracked gas streams can be purified with a palladium base catalyst at a lower 
temperature (100” to 350”F), which is capable of reducing the acetylene concentration to less 
than 3 ppmv (and under some conditions less than 1 ppmv). Palladium and promoted palladi- 
um based catalysts are also used for the removal of traces of acetylenic compounds from 
concentrated olefin streams, and are the preferred catalysts in such applications. 

A mathematical analysis of optimum operating conditions for the catalytic removal of 
acetylene from ethylene with a palladium catalyst has been presented by Huang (1979). 
Parameters investigated include temperature, space velocity, and feed gas composition. The 
results of the analysis show that, for the case studied, temperature is the most sensitive para- 
meter. Optimum operating conditions, yielding the lowest acetylene concentration (1 ppmv) 
and the lowest ethylene loss, include a reactor temperature of 240°F and a space velocity of 
7,000 (vol)/(vol)(hr). 
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BACKGROUND 

When the acid gas impurities make up an appreciable fraction of the total gas stream, the 
cost of removing them by heat r e p e r a b l e  solvents may be out of proportion to the value of 
the treated gas. This has provided the major impetus for the development of processes that 
employ nonreactive organic solvents as the treating agents. These materials physically dis- 
solve the acid gases, which are then stripped without the application of heat by merely reduc- 
ing the pressure. 

Early efforts to employ water as a physical solvent met with limited success (see Chapter 
6), but the solubilities of C 0 2  and H2S in water are too low for water wash to be a practical 
commercial process. The earliest commercial process based on an organic physical solvent, 
methanol, was the Rectisol Process, which has been used for synthesis gas applications 
where the removal of other impurities in addition to (2% and HZS and the production of 
treated gas containing only ppm levels of C 0 2  and HIS is required. This process operates at 
very low temperatures (to minus 100°F) and is quite complex compared to other physical 
solvent processes. As a result, the Rectisol process is not considered applicable to most gas 
treating services, although it continues to find application in purifying synthesis gases 
derived from the gasification of heavy oil and coal. 

This trend to physical solvents accelerated in 1960 with the introduction of the Fluor Sol- 
vent Process, which was followed by several other physical solvent processes. More recent- 
ly, a new class of process based on the use of a mixed absorbent, containing both a physical 
and a chemical solvent, has been commercialized. Both simple physical solvent and mixed 
solvent processes are described in this chapter. 

A listing of the major physical solvent gas purification processes that have been or are cur- 
rently offered for commercial use and the solvents used by each is provided in Table 14-1. 
Many more solvents have been proposed and evaluated in the past, and the search for superior 
solvents is continuing. A screening study to optimize physical solvent processes for the 
purification of gases at high pressure has been presented by Zawacki et al. (1981). In this 
work a large number of physical solvents were screened and, after selection of two solvents 
(the dimethyl ether of tetraethylene glycol and N-formyl morpholine), process schemes were 
proposed for a variety of applications. 

A key parameter in the screening of potential solvents is the solubility of the gaseous 
impurities to be absorbed. Techniques for evaluating the solubilities of gases in polar sol- 
vents of the type used as physical solvents are described by England (1986) and Sweeney et 
al. (1988). The latter authors propose a technique which is particularly effective for evaluat- 
ing a series of functionally related solvents. The need for experimentation is not eliminated, 
but is greatly reduced. A comparison of calculated versus experimental data for six solvents 
and three gases presented by Sweeney et al. is summarized in Table 14-2. 

The calculated values for the first five solvents in the table are based on experimental data 
for n-Methyl-2-pyrrolidone (NMP), a solvent used in the Purisol process. Calculated values 
for the Selexol solvent are based on experimental data for the compound tetraethylene glycol 
dimethyl ether (CH,O(CH,CH,O).,CH,). The Selexol solvent is reported to be a mixture of 
polyethylene glycol dimethyl ethers (CH,0(CH2CHz0)xCH,), where x ranges from 3 to 9, 
with an average molecular weight of about 272 (Sweeney et al., 1988). 

Although many organic solvents appear to be suitable for use as physical solvents, their 
actual number is limited by certain criteria that must be fulfilled to make them acceptable for 
economic operation. In order to be practical, the solvents must have an equilibrium capacity 
for acid gases several times that of water, coupled with a low capacity for the primary con- 
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Process Name 

Table 14-1 
Physical Solvent Processes 

Solvent Process Licensor 

and tertiary amine 

Simple Physical Solvents 

Snamprogetti 

Fluor Solvent 
SELEXOL 

Sepasolv MPE 

Purisol 

Rectisol 
Ifpexol 

Estasolvan 
Methylcyanoacetate 

Solvent 

Dimethyl-2-pyrrolidone 
n-Methyl-2-piperidone 
n-Methy I-caprolactam 
n-Methyl-4-piperidone 
n-Ethy I-pyrrolidone 
Selexol solvent 

Propylene carbonate (PC) 
Dimethyl ether of polyethylene 

glycol (DMPEG) 
Methyl isopropyl ether of 

polyethylene glycol (MPE) 
N-Methyl-2-p yrrolidone 

( W P )  
Methanol 
Methanol 

Solubility, Mol% at 1 atm and 298°K 

Calc. Exp. Calc. Exp. Calc. Exp. 

2.3 1 1.99 22.7 21.1 7.30 5.85 
2.39 1.68 24.0 22.5 7.52 5.95 
1.88 1.62 21.3 21.7 6.13 5.26 
2.83 2.25 24.6 24.4 8.62 7.11 
1.91 1.30 21.2 15.6 2.02 3.98 
3.39 3.56 29.6 22.4 10.3 9.65 

COZ H2S cos 

Tributyl phosphate 
Methylcyanoacetate 

Methanol and secondary 

Undisclosed physical solvent 
alkylamine 

Fluor Daniel 

Union Carbide 

Badische (BASF) 

Lurgi 
Lurgi and Linde AG 
Institut Franqais du 

Pitrole (IFP) 
IFP/Uhde 
Unocal 

Lurgi 

Table 14-2 
Comparison of Calculated with Experimental Solubility Data 
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stituents of the gas stream, e.g., hydrocarbons and hydrogen. In addition, they must have low 
viscosity and low or moderate hygroscopicity. They must be noncorrosive to common metals 
as well as nonreactive with all components in the gas and, preferably, have a very low vapor 
pressure at ambient temperature. Finally, they must be available commercially at a reason- 
able cost. 

The simplest version of a physical solvent process involves the regeneration of the solvent 
by flashing to atmospheric pressure or vacuum, or by inert gas stripping. This approach pro- 
duces a treated gas that still contains small amounts of acid gas. If H,S is present at only 
very low concentrations or is entirely absent, this flow scheme is usually applicable since 
COz concentrations as high as 2 or 3% can often be tolerated in the product gas. Where H,S 
is present in significant amounts, however, thermal regeneration has generally been neces- 
sary to accomplish the thorough stripping of the solvent needed to reach stringent H2S purity 
requirements. Heat requirements are usually far less for physical solvents than for reactive 
solvents, such as amines, since the heat of desorption of the acid gas for the physical solvent 
is only a fraction of that for reactive solvents. The circulation rate of the physical solvent 
may also be less, particularly when the acid gas partial pressure is high. 

Physical solvent processes are used primarily for acid-gas removal from high-pressure 
natural-gas streams and for carbon dioxide removal from crude hydrogen and ammonia syn- 
thesis gases produced both by partial oxidation and steam-hydrocarbon reforming. Since sol- 
vent processes are most efficient when operated at the highest possible pressure, carbon 
dioxide removal from reformer effluents is best carried out after compression of the process 
gas to the ultimate pressure required for such processes as ammonia synthesis or hydrocrack- 
ing. Under these circumstances, the molecular weight of the COz-rich gas is sufficiently high 
to permit use of relatively inexpensive centrifugal compressors to reach the required dis- 
charge pressure. 

As shown in Table 14-2, most organic solvents have an appreciably higher solubility for 
hydrogen sulfide than for carbon dioxide, and a certain degree of selective hydrogen sulfide 
removal can be attained. This feature is of special significance when the ratio of carbon diox- 
ide to hydrogen sulfide in the crude gas is so high that the acid gas stream resulting from 
complete removal cannot be processed in a Claw sulfur recovery unit. By removing essen- 
tially all of the hydrogen sulfide and only a portion of the carbon dioxide, this ratio can often 
be lowered sufficiently to permit normal processing in a Claus plant. The selectivity dis- 
played by physical solvents has been applied to excellent advantage in many instances and is 
described in more detail later in the chapter. 

Minor gas impurities such as carbonyl sulfide, carbon disulfide, and mercaptans are quite 
soluble in most organic solvents, and these compounds are removed to a large extent togeth- 
er with the acid gases. The solubility of hydrocarbons in organic solvents increases with the 
molecular weight of the hydrocarbon. Consequently, hydrocarbons above ethane are also 
removed to a large extent and flashed from the solvent together with the acid gas. Although 
special designs for the recovery of these compounds have been proposed, physical solvent 
processes are generally not economical for the treatment of hydrocarbon streams that contain 
a substantial amount of pentane-plus hydrocarbons. Aromatic hydrocarbons are especially 
difficult to deal with. Even in trace amounts they require a special step to separate them from 
the solvent because they are very strongly absorbed by most of the solvents used in these 
processes and tend to accumulate in the solvent. 

In another class of process usually referred to as mixed solvent processes, an amine is 
blended with a physical solvent so that the bulk removal capabilities of the physical solvent 
are combined with the amine’s ability to achieve very low residual acid-gas specifications in 
a single treating step. These processes are typified by Shell’s Sulfinol Process. 
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PROCESS DESCRIPTION 

In their simplest form, physical solvent processes require little more than an absorber, an 
atmospheric flash vessel, and a recycle pump. No steam or other heat source is required. 
After the absorbed gases are desorbed from the solution by flashing at atmospheric pressure, 
the lean solution contains acid gas in an amount corresponding to equilibrium at 1 atm acid- 
gas partial pressure; and this, therefore, represents the theoretical minimum partial pressure 
of acid gas in the purified-gas stream. To obtain a higher degree of purification, vacuum or 
inert gas stripping or heating of the solvent must be employed. Other process modifications 
are used to minimize loss of valuable gas components, provide a relatively low temperature 
of operation, and otherwise improve process economics. 

Figure 14-1 presents three different configurations of physical solvent processes differing 
in the method by which the solvent is stripped. The first illustrates regeneration by simple 
flashing. One or more flash steps may be employed. Figure 1(A) shows a two stage flash 
system with the final flash to atmospheric pressure. An alternate to this case that is not 
shown is to conduct the final flash at vacuum conditions. Figure 1(B) shows the use of inert 
gas stripping to lower the acid gas content of the lean solvent. Nitrogen and fuel gas have 
been used as stripping agents. Air may also be used, but is not feasible in systems where sul- 
fur species occur due to the formation and accumulation of elemental sulfur and to other side 
reactions. Figure 1(C) shows thermal regeneration of the solvent, a method that is widely 
practiced with physical solvents to achieve pipeline quality gas. 

F n d  
Gur 

F b d  
0.e 

w 
A. Flash Regenemion 

I 

E. lnen Gas Strlpplng 

F b d  
0.. 

M 
C. Thermal Regeneration 

Figure 14-1. Simplified flow diagrams of physical solvent processes showing three 
basic methods of solvent regeneration. 



The absorption step is the same with all three types of regeneration. The gas enters the 
bottom of the absorber, which contains either packing or trays, and is washed by a descend- 
ing stream of regenerated solvent. The rich solvent leaves the bottom of the absorber and 
flows to the regeneration system. When multiple flashes are used, the gases flashed at the 
highest pressure level will contain most of the dissolved non-acidic gases, and are usually 
recompressed and returned to the absorber inlet to minimize losses of product gas. Quite !?e- 
quently, solvent regeneration by pressure reduction is adequate for attaining the required gas 
purity, and the solvent leaving the lowest pressure flash is directly recycled to the top of the 
absorber. If product gas of higher purity is required, the residual acid-gas content of the sol- 
vent can be further reduced by stripping with an inert gas. Complete removal of the last 
remaining acid gas can be effected by heat regeneration and reboiling of the solvent as 
shown in Figure 14-1(C). 

Although not shown in Figure 14-1, the rich solvent is frequently expanded through 
hydraulic turbines that are used to supply about h l f  of the lean solvent pump horsepower. 
This has the dual purpose of reducing energy requirements and cooling the regenerated sol- 
vent before reuse, since less net shaft work is introduced into the system through the lean 
solvent pump. Since the absorption capacity of the solvents for acid gases increases as the 
temperature is lowered, it is advantageous to operate at the lowest possible temperature. 
Often, sufficient autorefrigeration is available in the system to make outside refrigeration 
unnecessary. In other cases the inclusion of auxiliary mechanical (or absorption) refrigera- 
tion results in a more efficient and less costly plant. 

With most processes, solvent recovery from the effluent streams is not required since the 
vapor pressures of the solvents are sufficiently low at operating conditions. With some 
processes, however, such as the hr i so l  process, effluent streams are water washed. 

Most commercially used solvents are very stable and reclaiming is not required. However, 
water removal by distillation is sometimes necessary to maintain the water concentration of 
the solvent at low levels. Alternatively, the feed gas can be dehydrated by glycol injection or 
other means to keep water out of the system. 

The design of absorption and stripping columns for physical solvents is relatively straight- 
forward (compared to reactive absorbents) because no chemical reactions occur in the liquid 
phase. Design equations and simulation models commonly used for hydrocarbon separations 
are generally applicable to physical solvent gas purification. The key requirement is ade- 
quate liquidvapor equilibrium data covering all components and conditions encountered in 
the process. Thermal and physical property data are also necessary for complete designs. 

Computer models based on a tray-by-tray heat and material balance are the best approach 
for final designs; however, preliminary studies can make use of the Kremser equation 
which is described in Chapter 1 (equation 1-20). An application of this equation to the 
design of a Selexol system for selectively absorbing H2S in the presence of C02 is 
described by Sweny (1985). 

The Kremser equation correlates three factors: (1) the fraction of a given gas component 
that is absorbed, (2) the number of theoretical plates in the column, N, and (3) the absorption 
factor, A. A is defined as L/KV, where L and V are the liquid and gas flow rates in moles per 
unit time, and K is the equilibrium constant for the given component, y/x. The symbols y and 
x have their usual meaning of mole fraction of the given component in the gas and in the liq- 
uid, respectively, at equilibrium. 
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For any compound, the fraction absorbed increases as A is increased or as the number of 
trays is increased. However, complete removal of a component from the gas cannot be 
attained unless A is greater than 1, no matter how many trays are used. Any desired removal 
efficiency can be obtained over a wide range of values for A and N. For example, the 
Kremser equation shows that 98% removal of a given component is possible with either 25 
trays at A = 1.25 or 7 trays at A = 1.5. 

These considerations are very important in the design of physical solvent absorbers 
because the conditions selected to meet the requirements for the key component (e.g., H,S) 
may have a major effect on column performance with regard to other, less soluble compo- 
nents (e.g., C 0 2 ,  COS, and CH4). If maximum selectivity is desired, a large number of trays 
should be used, with the lowest possible value of A that will permit attainment of the desired 
removal efficiency for the key component. “A” will then be slightly over 1.0 for HIS and 
much lower than 1 for the less soluble gases, which will, therefore, not be efficiently 
removed. On the other hand, if it is desired to remove a selected less soluble component 
(e.g., COS) more efficiently, it is necessary to increase A for that component (normally by 
increasing the liquid rate). At values of A significantly below 1.0, increasing A has a much 
greater effect on the fraction removed than increasing the number of trays. As a result, it is 
often possible to meet the requirements for both H2S and COS removal with a high liquid 
rate and a relatively short column. 

The selectivity of a physical absorption process can be enhanced by the use of more than 
one stripping and absorption stage. For example, if H2S is absorbed selectively relative to 
C 0 2 ,  the rich solution from the primary absorber will contain a higher H2S/C02 ratio than 
the feed gas. If the rich solution is stripped (or partially stripped), and the released gas is sub- 
jected to selective reabsorption, the rich solution from the reabsorber will contain an even 
higher H2S/C02 ratio. This type of flow scheme can be useful in providing an acid gas 
stream with a high enough H2S content for use in a standard Claus plant. Many other flow 
schemes have been developed to meet specific requirements and take advantage of the prop- 
erties of specific solvents. Several of these alternative flow schemes are described in subse- 
quent sections of this chapter in connection with commercial physical solvent processes. 

Since the equilibrium constant is a function of temperature, absorber and stripper designs 
must take into account temperature changes that occur as a result of absorption (or desorption) 
of components. Zawacki et al. (1981) report using heats of absorption values of 150, 180, and 
1,OOO B t d b  for C02, H2S, and H20, respectively, for calculating the temperature rise due to 
absorption in two different solvents (N-formyl morpholine and the dimethyl ether of tetraetk 
ylene glycol). They also assumed tray efficiencies of 15 to 20% for absorption in these sol- 
vents, and estimated that 50 to 60 actual trays would represent practical column heights. 

Solvent Circulation Rate 

As in other types of gas treating processes, probably the most important process factor that 
dictates capital cost of the plant is the solvent circulation rate. This is particularly true for bulk 
removal plants, but also applies to those plants that use thermal regeneration of the solvent. 
The reason for this is obvious, since circulation rate affects the size and the cost of virtually 
every piece of equipment, including the absorber, piping, circulation pumps, and flash drums. 

Every effort should be made to minimize solvent circulation rate. For a given solvent this 
can be accomplished most readily by reducing the contact temperature since the solvent’s 
capacity for absorbing acid gases increases as the temperature is decreased. Factors which 
reduce solvent temperature include the following: 
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The Joule-Thomson cooling effect of expanding C 0 2  through the plant-from feed gas 
pressure to atmospheric pressure-cools the solvent. No additional equipment is required 
to realize this benefit. 
The use of heat exchangers to recover refrigeration from process streams such as the 
absorber overhead and flash gas streams is a common practice. 
A cooling effect is achieved if the rich solvent is directed through hydraulic turbines to provide 
part (up to almost 50%) of the solvent pumping energy. Without these turbines, motor or steam 
driven turbines would be needed and additional shaft work would be added to the system. 
In plants where the feed gas is very high in C 0 2  content, Le., 30% or higher, a portion of 
the absorbed C02 can be flashed from the solvent at an intermediate pressure, then directed 
through expansion turbines which are used to drive circulation pumps. The flashed gas is 
cooled during expansion through the turbine and can then be used in a heat exchanger to 
remove heat from the circulating solvent. 
The use of external mechanical or absorption refrigeration to further reduce solvent temper- 
ature has often been used. For bulk removal plants where the lean solvent is not heated, 
applying the refrigeration at the warmest point in the cycle (the rich solvent leaving the 
absorber) is preferred since the capital and energy requirements for the refrigeration system 
are the lowest. In plants where thermal regeneration is used, the refrigeration is applied to 
the lean solvent leaving the stripper. 

An additional benefit derived from chilling the solvent and reducing its flow rate is that 
the amount of light hydrocarbon (or H2 + CO in a syngas application) absorbed in the solvent 
may be significantly reduced. This benefit is possible because the solubilities of COz and 
H2S generally increase significantly when the operating temperature is reduced, while the 
solubilities of CH4, H,, and CO show little change with temperature. Figure 14-2 illustrates 
this phenomenon for methanol and the Sepasolv MPE solvent. The solubility of CH4 in these 
solvents is seen to change much less with temperature than the solubilities of H2S, COS, and 
COz. In some solvents, CH4, H2, and CO may actually become less soluble as the tempera- 
ture is reduced. The dimethyl ether of tetraethylene glycol is an example of such a solvent as 
indicated by the data in Table 14-3 from Zawacki et al. (1981). 

The temperature to which a solvent may be cooled is limited primarily by its increased 
viscosity and the resulting decrease in solvent heat and mass transport capabilities. The cost 
of providing the required cooling is, of course, also a factor. The minimum acceptable tem- 
perature depends on the solvent used. Methanol, for example, can be used at temperatures as 
low as -95°F (Knapp, 1968). while propylene carbonate is limited to temperatures above OOF 
(Freireich and Tennyson, 1977). 

Recycle Gas Rate 
In every physical solvent process, a portion of the most valuable constituent of the process 

gas-ordinarily either CH4 or H2-is unavoidably dissolved in the rich solvent. With CHI 
this potential loss can be as high as 10% of the total C Q .  Standard practice is to flash the 
rich solvent to an intermediate pressure, !4 to H of the absorber pressure, and to recompress 
the flash gas and recycle it to the feed gas. This additional step can reduce CH, losses to typ- 
ically 2 or 3% of the CH4 present in the feed gas. The CH4 (or H2) loss is clearly a function 
of the pressure at which the flash is conducted and standard optimization procedures can be 
followed to determine this pressure. In some cases, several intermediate flashes, rather than a 
single flash, are used to reduce compression horsepower. Another method of reducing com- 
pression horsepower that has been proposed is to scrub C 0 2  from the flash gas in a “reab- 
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80°F 

Figure 14-2. Effect of temperature on the solubility of gases in methanol and Sepasolv 
MPE solvent (Ranke and Mohr, 1985; Wijlfer, 1984. Reproduced with permission from 
“Acid and Sour Gas Treating Processes, S. A. Newman, Ed., copyright 1985, Gulf 
Publishing Company 

40°F 

Table 14-3 
Effect of Temperature on the Solubility of Various Gases in the Dimethyl 

Ether of Tetraethylene Glycol 

Gas 

Methane 
Carbon monoxide 
Hydrogen 
Carbon dioxide 
Hydrogen sulfide 

0.43 
0.12 
0.08 
3.61 

20.67 

0.37 
0.05 
0.05 
4.15 

25.85 

Solubility values are in the units of volumes of gas (60°F, 1 atm) per volume of solvent 
(60”F, 1 atm). 

Data source: Zawacki et al. (1981) 

sorber.” This is especially applicable when the feed gas contains a high concentration of 
COz, since the flash gas will be even more concentrated with COz. 

Water Disposition 
The feed gas, whether it is natural or synthesis gas, will almost always contain water. Typ- 

ically, the gas will be water-saturated at feed gas conditions. Another source of water enter- 
ing the system may be stripping gas used to regenerate the solvent. Some water will be dis- 



1196 Gas Purification 

charged from the plant in the gas streams leaving the system; however, water will accumu- 
late in the solvent until the amounts entering and leaving the system are. equal. Although 
most processes can tolerate several percent water in the solvent, it is sometimes necessary to 
control water buildup. This can be accomplished by distilling water from a solvent slip- 
stream or dehydrating the feed gas and/or stripping gas. 

A number of proven physical solvent processes are available for most applications. In 
addition to capital cost, the following factors must be included in any comparison: 

Process performance in terms of treated gas purity, and acid gas composition (e.g., suitabil- 

Loss of light and heavy hydrocarbon (or other valuable constituents) 
Experience and ingenuity of the designer in adapting the process to the case at hand 
Experience and method of dealing with impurities that may be present, such as COS, NH,, 
aromatic hydrocarbons, etc. 
Experience with regard to corrosion, foaming, or other operating problems 
Cost of initial solvent charge 
Cost of replacement solvent-as influenced by process temperatures, vapor pressure of sol- 
vent, solvent stability, and fugitive losses 
Energy andor stripping gas requirements 
Process royalty cost 

ity as Claus plant feed) 

Depending upon the extent of process data available, a comparison may be made of the 
carrying capacities of the various solvents. Table 14-4, which is based on the data of Buck- 
lin and Schendel(1985), presents gas solubility data for three different processes: Fluor Sol- 
vent (propylene carbonate), Selexol (polyethylene glycol dimethyl ether), and Purisol (n- 
methyl-2-pyrrolidone). Solubilities of COz and H2S as well as hydrocarbons and other gases 
are shown, with all data collected at 25°C. The solubilities shown are single component data. 
In real systems there can be substantial interactions between the solutes, the net effect of 
which is usually to decrease the COz and HzS solubilities and to increase the hydrocarbon 
solubilities. Also, since all processes do not operate at the same temperature, the relationship 
between solubility and temperature must also be included in the evaluation. 

The comparative data in Table 14-4 show that, at equal temperatures, all three solvents 
have nearly the same C 0 2  capacity. For H2S, however, Selexol and Punsol have capacities 
about three times that of Fluor Solvent. For this reason, it is clear that Selexol or Punsol 
would be preferred to Fluor Solvent for cases where the feed gas contains a substantial con- 
centration of H2S or where selective H2S removal is required. However, when C 0 2  dictates 
the design, Le., when H2S is absent or present only in trace amounts, Fluor Solvent has an 
inherent advantage since hydrocarbon solubilities are substantially less in it than in the other 
two solvents. 

Table 14-5 provides some key physical property data for DMPEG, NMP, PC, and 
methanol. Vapor pressure versus temperature data for DMPEG, NMP, methanol, and MPE 
are plotted in Figure 14-3. Methanol has by far the highest vapor pressure and requires very 
low temperature operation. NMP has a much higher vapor pressure than DMPEG, PC, or 
MPE and normally requires water washing of the process offgases to limit solvent losses. 
The Selexol, Fluor Solvent, and Sepasolv MPE processes require no water wash steps. The 
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Table 14-4 
Gas Solubility Data for Selexol, Purisd, and Fluor Solvent Process Absorbents. 

Volume GasNolume Liquid 0 25'C and 1 Atm. 

Selexol PUriSOl Fluor Solvent 
GaS (DMPEG) ( N W )  (Propylene Carbonate) 

~ 

H2 0.047 0.020 0.027 
N2 - - 0.029 
co 0.10 0.075 0.072 
CI 0.24 0.26 0.13 
C2 1.52 1.36 0.58 
co2 3.63 3.57 3.41 
c3 3.70 3.82 1.74 
iC4 6.79 7.89 3.85 

cos 8.46 9.73 6.4 1 
iC5 16.2 - 11.9 

nc5 20.1 - 17.0 

nC6 39.9 - 46.0 
CH3SH 82.4 121 92.7 

nC4 8.46 12.4 5.97 

- - 17.7 NH3 

HZS 32.4 36.4 11.2 

Data from Bucklin and Schendel(198.5) 

Table 14-5 
Solvent Comparative Data 

Fluor 
Selexol Purisol Solvent Rectisol 

Process Solvent (DMPEG) (NMP) (PC) (Methanol) 

Viscosity, cp @ 25°C 5.8 1.65 3.0 0.6 
Maximum feasible operating 

- 65 - 
Density, kg/m3 @ 25°C 1,030 1,027 1,195 785 
Boiling point, "C 240 202 240 65 

Molecular weight 280 99 102 32 
Specific heat @ 25"C, 

Thermal conductivity, 

Datafrom Bucklin andSchendel(1985) and Ranke andhfohr (1985) 

Vapor Pressure, mm Hg @ 25°C .073 x 1W2 40 x 1W2 8.5 x - 

temperature, "C 175 

Freezing point, "C -28 -24 -48 -92 

Btu/(lb)("F) 0.49 0.40 0.339 0.556 

~tu/(hr)(ft*)( "FIR) 0.11 0.095 0.12 0.122 
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Figure 14-3. Vapor pressure of various physical solvents (Wdifer, 1982). COUrfeSy of 
Hydrocarbon Processing 

Selexol solvent has the highest viscosity, which can significantly affect mass and heat trans- 
fer as the solvent temperature is reduced. Selexol, however, is suitable for operation at tem- 
peratures up to 175"C, while, for stability reasons, Fluor Solvent (propylene carbonate) is 
limited to a maximum operating temperature of about 65°C. 

SIMPLE PHYSICAL SOLVENT PROCESSES 

Fluor Solvent Process 
The Fluor Solvent process, which is licensed by Fluor Daniel, Inc., was introduced in 

1960 (Kohl and Buckingham, 1960). Although several solvents were covered by U.S. 
patents, only propylene carbonate has been used commercially. The process has been applied 
in 13 commercial installations-nine processing natura1 gas, two ammonia synthesis gas, 
and two hydrogen. 

Basic Data 

Selected physical properties of propylene carbonate are tabulated in Tables 14-5 and 14-6. 
Data on the solubility of various gases in propylene carbonate have been reported by several 
investigators (Dow Chemical Company, 1962; Schmack and Bittrich, 1966; Makranczy et 
al., 1965; Bucklin and Schendel, 1985). The equilibrium solubilities of hydrogen sulfide and 
carbon dioxide as a function of pressure are shown in Figure 14-4. Although there is some 
scattering of points, it is evident that the solubilities of both acid gases follow Henry's law 
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SOLUBILITY. VOL GASNOL PROPYLENE CARBONATE 

Figure 14-4. Effect of pressure on the solubility of carbon dioxide and hydrogen sulfide 
in propylene carbonate (gas volumes at 0°C and 760 mm Hg). 

Table 1 4 6  
Physlcal Properties of Propylene Carbonate 

Empirical formula C4H603 
Molecular weight 102.09 
Vapor Pressure at 60°F 0.046 mm Hg 
Viscosity at 60°F 2.6 centistokes 

at 0°F 6.4 centistokes 
Water Solubility in Solvent @ 25°C 94 g/l 
Solvent solubility in 

COz solubility in 
water @ 25°C 236 g/l 

solvent @ 25"C, 1 atm 0.455 ft3/US gal 

Sources: Dow Chemical Canada, Lid. (1962); Fluor Daniel (1993); Bucklin and Schendel(1985) 

up to a pressure of about 20 am. The effect of temperature is shown for carbon dioxide and 
hydrogen in Figure 14-5. It is interesting to note that the solubility of hydrogen increases 
with increasing temperature. 
No data appear to be available in the open literature on the specific effects of dissolved 

carbon dioxide, hydrogen sulfide, and other gases on the solubility of the individual compo- 
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Figure 14-5. Effect of temperature on the solubility of hydrogen and carbon dioxide in 
propylene carbonate (gas volumes at 0°C and 760 mm Hg). 

nents. However, the sketchy information available on gas mixtures containing carbon diox- 
ide and methane indicates that at high partial pressures of methane the solubility of carbon 
dioxide is somewhat reduced, while the solubility of methane is appreciably increased by the 
presence of dissolved carbon dioxide (Dow Chemical, 1962; Makranczy et al., 1965). In 
view of the low solubility of hydrogen in propylene carbonate, it is reasonable to assume that 
its presence has no significant effect on the solubility of carbon dioxide or hydrogen sulfide. 
Solubilities of several gases, in terms of Bunsen coefficients (volume of gas at 0°C and 760 
mm Hg per volume of liquid), are shown in Table 14-7. Additional solubility data are 
included in Table 14-4. 

Process Design and Operation 

The Fluor Solvent process uses flash regeneration as depicted in Figure 141(A). Com- 
mercial plants utilize several flashes of the rich solvent at decreasing pressure levels with 
recycling of the gas evolved in the high pressure flash. Lean solvent temperatures as low as 
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Design feed Feed gap composition 
gas ' 

Plat  MMsefd COz HzS 

Table 14-7 
Solubility of Gases in Propylene Carbonate 

Absorption Acid gas Sales gas specifications 
pressore, partialpressure 

Pig infeed,pda COz HZS 

solute Bunsen Coefficient Reference 

H2 0.03 A 
0 2  0.09 B 
N2 0.09 B 
co 0.06 B 
cos 6.25 B 
C2H2 8.6 C 
CH4 0.13 B 
CZH6 0.58 B 
CO2 3.22 D 
H2S 10.6 D 

Data sources: A) Schmuck and Bitfrich (1966); B) Fluor Daniel (1993); C )  Dow Chemical Co. 
(1962); D )  Bucklin and Schendel(l985) 

A 
B 
C 
D 

0°F have been used in this process. A modification of the process resulting in an appreciable 
reduction of hydrocarbon gas loss has been described by Freireich and Tennyson (1977). In 
this scheme, the gas from the second intermediate pressure flash is washed with solvent in a 
small absorber. The overhead from this absorber is recompressed and recycled to the plant 
inlet. It is claimed that the value of the recovered gas amply compensates for the cost of the 
additional equipment, and that a payout as low as three months is realized with a fuel cost of 
$2 per MMbtu. 
The operation of the Fluor Solvent process in the initial commercial plant has been described 

by Buckingham (1961). This author has also reported performance data for four plants treating 
natural gas (Buckingham, 1964). Data from these plants are given in Table 14-8. 

An economic study comparing the Fluor Solvent process with the activated hot potassium 
carbonate process for the removal of carbon dioxide from synthesis gas for the production of 
ammonia and urea has been reported by Cook and Tennyson (1969). The authors concluded 
that the process is more economical than activated hot potassium carbonate in all cases stud- 

220 53% 3gdlOOscf 850 co*: 458 2% 0.25 gd100 scf 
LO 17% - 450 co2: 79 5 8  
20 22.8% - 800 CO,: 186 1 70 - 

- 

28 1&30% 5-156 1,OOO C07+H2S:  250-300 0.1% 0.8gr/100scf 

I 

I Source: Buckingham (1964) 
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ied, which included production of ammonia and urea by steam reforming of natural gas and 
naphtha and by partial oxidation. 

A comparison of Fluor Solvent to other physical solvent processes (Bucklin and Schendel, 
1985) illustrates that for cases where COz removal requirements dictate the plant design, i.e., 
where little or no H2S is present, the Fluor Solvent process enjoys a significant advantage 
over the other processes due to lower solubilities of the gas being purified, light hydrocar- 
bons in the case of natural gas and H2 in the case of synthesis gas. This advantage is evi- 
denced by either a higher percent hydrocarbon or hydrogen recovery or by lower compres- 
sion requirements for gas flashed from the rich solvent at intermediate pressures. 

A photograph of a Fluor Solvent plant processing natural gas is shown in Figure 14-6. 

Selexol Process 

The Selexol process uses a physical solvent and, as a result, is generally similar to other 
processes discussed in this chapter. The process was originally developed by Allied Chemi- 
cal Corporation. In 1982, the Norton Company purchased the rights to the process; in 1990, 

Figure 14-6. Fluor Solvent process plant treating high pressure natural gas. Fluor 
Daniel and El Paso Natural Gas Company 
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Union Carbide acquired the process from Norton; and, in 1993, UOP acquired the rights to 
the Selexol process and is now responsible for process licensing. 

The Selexol process has found a very wide range of applications. It was originally used to 
remove C02 from an ammonia plant in Nebraska, followed soon after by HzS and C 0 2  
removal from natural gas in the U.S. and in Europe. Other applications include desulfuriza- 
tion and COz removal from synthesis gas derived from the partial oxidation of heavy petrole- 
um stocks and from coal gasification. Natural gas treating applications include several, 
where in addition to production of pipeline specification gas, a relatively pure stream of car- 
bon dioxide is produced for reinjection into oil formations, so-called enhanced oil recovery 
or EOR. A relatively new use for the process dating back to 1979 is the purification of land- 
fill gas drawn from the biological degradation of municipal waste in sanitary landfills. This 
application is characterized by the Occurrence of chlorinated and aromatic hydrocarbons as 
impurities in the landfill gas. 

Union Carbide reported that as of 1992, a total of 53 Selexol plants had been installed. 
These comprise 10 for COz removal from various synthesis gases, 12 for C02 removal from 
natural gas, 15 for selective HzS removal (with or without COz removal), 8 for desulfuriza- 
tion of synthesis gas, and 8 for landfill gas purification (Epps, 1992A). 

This process has been described quite extensively in the literature (Hegwer and Harris, 
1970; Sweny and Valentine, 1970; Sweny, 1973; Valentine, 1974; Clare and Valentine, 
1975; Valentine, 1975; Sweny, 1976; Raney, 1976; Van Deraerschot and Valentine, 1976; 
Judd, 1978; Swanson, 1978; Sweny, 1980; Hernandez and Huurdeman, 1989; Epps, 1992B). 

Basic Data 

The treating solution used in the Selexol process is a mixture of homologues of the 
dimethylether of polyethylene glycol. This material has been shown to be chemically stable 
as well as non-toxic and biodegradable. It has a very low vapor pressure as well as a high 
capacity for various impurities, including HIS, COz, COS, mercaptans, and others. 

The relative solubilities of various gases in Selexol solvent as compared to methane are 
shown in Table 14-9 (Shah and McFarland, 1988; Epps, 1992B). The data in this table indi- 
cate that H2S is almost 9 times as soluble as COz. This high ratio facilitates the use of Selex- 
01 for the selective removal of HzS from gas streams also containing COz. The data also 
show that hydrocarbons are quite soluble and their solubility increases with increasing mole- 
cular weight. Propane, for example, has a relative solubility of about 15.4, which is similar to 
that of CO,; while hexane, with a relative solubility of 167, is somewhat more soluble than 
HzS. Water is more soluble than any of the listed compounds except HCN, and liquid water 
is miscible with the Selexol solvent. These solubility characteristics have led to the develop- 
ment of Selexol solvent applications for removing hydrocarbons and/or water from natural 
gas, e.g., simultaneous hydrocarbon and water dew point control (Epps, 1994). Actual solu- 
bility values for a number of components in the Selexol solvent (and in two other solvents) 
are given in Table 14-4 in terms of volume of gas per volume of liquid at 25°C and 1 atm 
partial pressure. The effect of partial pressure on solubility is shown in Figure 14-7 for sev- 
eral gases. Physical properties of the Selexol solvent are given in Table 14-5. The solvent’s 
flash point is reported to be about 304°F (Sweny and Valentine, 1970). 

Process Design and Operation 

The basic flow scheme of the process is very simple, requiring only an absorption stage 
and regeneration by flashing at successively decreasing pressure levels as depicted in Figure 
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Table 14-9 
Relative Solubilities of Various Gases in SELEXOL Solvent 

Component R = K’ Methane Component R = K’ Methane 

H2 0.20 NH3 73 

K’ Component K’ component 

N2 0.30 nC5 83 
co 0.43 HZS 134 
Cl 1 .o c6 167 
C2 6.5 CH3SH 340 

CZH4 7.2 c7 360 
CO2 15.2 cs2 360 
c3 15.4 SO2 1,400 
iC4 28 C6H6 3,800 
cos 35 CHzCl, 5,000 
nC4 36 C4H4S 8,200 
iCg 68 H20 11,000 

C2H2 68 HCN 19,000 
K’ = y/x’ where y is the mole fraction of the component in the vapor phase and x’ is the mole fraction 

of the component in the liquid phase considering only the solvent and the component. 
Sources: Shah and McFarland (1988): Epps (1992B) 

14-1(A). If the objective is bulk removal of carbon dioxide from a gas stream, successive 
flashes are all that is required for regenerating the solution. More extensive regeneration can 
be achieved by vacuum flashing, by stripping with air or an inert gas, or by application of 
heat. In the case of hydrogen sulfide removal, stripping with inert gas or heat is the usual 
procedure. 

If selective removal of sulfur compounds is required, the Selexol plant consists of an 
absorber, a flash, and a steam-heated stripping column [see Figure 14-1(C)]. The flashed gas 
is compressed and recycled to the absorber inlet, and the regenerator effluent is processed for 
the production of elemental sulfur. 

In cases where both selective sulfur removal and complete carbon dioxide removal are 
required, such as with coal-derived substitute natural gases, two successive independent 
absorption-regeneration cycles are used as shown in Figure 14-8. Various flow schemes are 
discussed in some detail by Van Deraerschot and Valentine (1976) and Sweny (1980). These 
authors claim that, with proper plant design, removal of sulfur compounds to concentrations 
as low as a few parts per million can be achieved with relatively low co-absorption of carbon 
dioxide. 

Operating results from three plants treating natural gas containing various amounts of 
hydrogen sulfide and carbon dioxide (Hegwer and Harris, 1973) are summarized in Table 
14-10. 

In Plant A, the bulk of the solvent is regenerated by flashing at three pressure levels (400 
psig, 200 psig, and atmospheric), and a side stream is further regenerated by an additional 
atmospheric flash at elevated temperature. A split-flow circuit is used, with the semistripped 
solvent and the completely stripped solvent being fed to the absorber at different points. 
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Figure 14-7. Solubili of gases in SELEXOL solvent. Data of Sweny and Valentine (7970) 
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Figure 14-8. Flow diagram of SELEXOL process for selective hydrogen sulfide removal 
and complete carbon dioxide removal. 



1206 Gas Purifiation 

~ 

Table 161 0 
Operating Data of SELEXOL Plants Processing Natural Gas 

Plant A B C 

Feed gas: 
Volume, MMscfd 275 250 I30 

C02,% 43 3.5 18 
H2S, gr/lOO scf 1 8 8 

C02,% 3.5 3.0 2.5 
H2S, gr/lOO scf 0.25 0.25 0.25 

Pressure, psig 1 ,OOo 1 ,m 1 ,Ooo 

Treated gas: 

Data of Hegwer and Harris (1970) 

Extensive power recovery by hydraulic turbines and gas expanders supplies the total pump- 
ing energy required. A single stream circuit is employed in Plant B. The solvent is regenerat- 
ed by flashing at 300 psig, 175 psig, and atmospheric pressure and then by stripping with air 
at elevated temperature. The flow scheme of Plant C is similar to that of Plant B, except that 
a split-flow cycle for semistripped and completely stripped solvent is used. Solvent flashing 
is carried out at 250 psig, 190 psig, and atmospheric pressure. Power recovery is also prac- 
ticed in Plants B and C. 

A Selexol unit that is integrated into the design of an ammonia plant lacated in the Nether- 
lands is described by Hernandez and Huurdeman (1989). Since minimum steam consump- 
tion is a key requirement, air stripping of the Selexol solvent is employed. The flow diagram 
is depicted in Figure 14-9. In this arrangement, three stages of flashing, including one at 
subatmospheric pressure, are used prior to air stripping. Lean solution from the stripper is 
cooled by heat exchange with a refrigerant before it is pumped to the absorber. The air feed 
to the stripper is cooled using a portion of the partially stripped solvent. The warmed solvent 
heats the stripper vent gas which increases its enthalpy, thereby conserving refrigeration. 
Some data on plant operation are provided in Table 14-11. 

Commercial applications of the Selexol solvent for simultaneous hydrocarbon dew-point 
control and natural gas dehydration are described by Epps (1994). A plant design used in 
several European installations pretreats natural gas before it enters a molecular sieve unit. 
The design is intended to meet a treated gas specification of a maximum of 0.50 mole% C 0 2  
and a maximum of 6.5 mole% ethane and heavier components. A plant is designed to treat 
26 MMscfd of gas at 32°F and 603 psia. Operating data for this plant, given in Table 14-12, 
show that it meets the C02 and ethane-plus removal specifications. The plant also reduces 
the water content of the gas from 75 ppmv to 12 ppmv, decreasing the load on the molecular 
sieve unit, and removes a major fraction of the sulfur components. 

Commercial experience with the Selexol technology as applied to the treatment of lanN111 
gas is described by Epps (1992B). This gas is derived from municipal landfills and, after 
removal of potentially harmful impurities, the gas is used as a fuel or in some cases is sold to 
natural gas distributors. 

Typical landfill gas compositions cited by Epps (1992B) are shown in Table 14-13. Oxy- 
gen is present because air is drawn into the landfill due to the slight vacuum that occurs 
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Figure 14-9. Flow diagram of SELEXOL process for ammonia synthesis gas treating 
(Hernandez and Huurdemm, 1991) 

Table 14-11 
Ammonia Plant SELEXOL Unit Operating Data 

I Design Operating 
Plant capacity, NH3 t/d 

Feed gas C 0 2  content, mol% 
Treated gas C02 content, ppmv 

C 0 2  product recovery, % of feed 
C02 product purity, mol% 
C02 product temperature, O F  

C 0 2  product pressure, psia 
Solvent losses, Ibs/year 

1,360 
18.2 
1 ,ooo 
81 

99.0 
63 

21.6 

1,440 
18.1 
440 
82 

99.4 
43 

23.3 
11,Ooo 

I Datu of Hernandez and Huurdeman (1989) 

within the gas gathering system. The primary breakdown products of the municipal waste, 
largely paper, cardboard, and other organic materials, are methane and carbon dioxide. Small 
but significant amounts of H2S are also formed. 

Heavy and aromatic hydrocarbons as well as chlorinated hydrocarbons are generated by 
the municipal waste due to biodegradation and vaporization. If not removed from the landfill 
gas, these impurities can result in corrosion, scaling, and other problems and would also pre- 
sent environmental problems if discharged to the atmosphere. 

As depicted in Figures 14-10 and 14-11, the Selexol process used for landfill gas purifica- 
tion consists of two stages. In Stage 1 all impurities except C 0 2  are removed completely and 
medium BTU gas is produced. This gas is suitable for local use as fuel for boilers or gas tur- 



Table 14-12 
Inlet and Outlet Gas Compositions for SELEXOL Unit Pretreating Natural Gas 

Component 

H2S 
CHjSH 

CO2 
N2 

Methane 
Ethane 

Propane 
i-Butane 
Butane 

i-Pentane 
Pentane 
Hexane 
Heptane 
n-Decane 

Water 
I Data of Epps (1 994) 

Gas Composition, Mole% 

Inlet 

0.00020 
0.00050 

2.44 
0.785 
88.3 17 
7.539 
2.403 
0.119 
0.303 
0.0080 
0.059 
0.008 
0.005 
0.002 
0.008 

Outlet 
~ 

O.ooOo3 
0.00012 

0.29 
0.88 
93.02 
5.33 
0.35 
0.02 
0.07 
0.002 
0.016 
0.003 
0.003 
O.OO0 
0.001 

T a m  14-13 
Typical Landfill Gas Composition 

Component Range Median 
Methane, Mole% 41.2-60 53.4 

Nitrogen, Mole% 0.2-22.6 4.5 
Carbon Dioxide, Mole% 30.946.1 40.7 

Oxygen, Mole% 0.01-5.2 0.35 
Hydrogen Sulfide, ppmv 4.0-99 30.0 
Impurities*, ppmv 72.&2,000 181.0 

*Impurities 
Methylmercaptan Decane 1,l - Dichloroethane 
Ethylmercaptan Undecane 1,2 - Dichloroethane 
Carbonyl Sulfide Dodecane Benzene 
Carbon Disulfide 1, 1 - Dichloroethylene Toluene 
Methylene Chloride Trichloroethylene o,m,p - Xylene 
Ethane Perchloroethylene Acetonitrile 
Propane Tetrachloroethylene 1.2 - Dibromomethane 
Butene Chlorobenzene Benzyl Chloride 
Pentanes Ethylbenzene Chloromethane 
Hexane Vinyl Chloride 1,2 - Dichloroethane 
Heptane Ethylene Dibromide 1 , 1 , 1 - Trichloroethane 
Octane o,m,p - Dichlorobenzene 
Nonane 
Data of Epps (1992B) 
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Medium Btu Treated Gas 

To Incinerator 

Stripping Gas 
(Air or Nitrogen) 

Figure 14-10, SELEXOL process flow diagram, landfill gas treatment; stage 1, medium 
Btu gas production. (€pps, 19928) 

bines. If high-BTU gas is required to meet pipeline specifications, it is necessary to remove 
the COz as well as the other impurities. This is accomplished in Stage 2. 
Figure 14-10, which represents Stage 1 purification, shows an optional fixed bed sulfur 

removal unit, such as iron sponge, to remove H2S from the gas before it contacts the Selexol 
solvent. The solvent removes the heavy and chlorinated hydrocarbons since their solubilities 
in the solvent are exceedingly high, in some cases over an order of magnitude higher than 
the H2S solubility. Air is used to strip absorbed hydrocarbons from the solvent and the 
resulting impure air is incinerated. If the H2S is not removed ahead of the absorber, it will 
dissolve in the solvent and be oxidized in the air stripper, producing elemental sulfur and 
causing operating problems within the system. If steam stripping is used instead of air, it is 
possible to eliminate the fixed bed H2S removal step, in which case most of the H2S is 
stripped from the solvent by the steam and must be disposed of by incineration or other 
means. If the feed gas contains oxygen, some of the H2S may be oxidized to elemental sul- 
fur, even when steam is used for stripping. The first stage serves to remove H2S, heavy 
hydrocarbons, and chlorinated compounds from the feed gas. When medium BTU gas is 
desired, no further treatment is required. 

When high BTU gas is required, the gas is usually compressed to a pressure in the range 
of 150 to 350 psig and subjected to a second stage of absorption for C02 removal. This is a 
conventional Selexol unit in which solvent regeneration is accomplished by flashing, using a 
final vacuum flash if required to achieve higher C02 removal. Direct discharge to the atmos- 
phere of the C02 from the second stage is ordinarily practiced. Flash gas from the highest 
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Figure 14-1 1. SELEXOL process flow diagram, landfill gas treatment: stage 2, high Btu 
gas production. (€pps, 1992B) 

pressure flash step is recycled to improve overall methane recovery. This scheme is shown in 
Figure 14-11. 

Sepasolv MPE Process 

This process, which was developed by BASF of West Germany, is quite similar to the 
Selexol process, both with respect to the solvent used and the mode of operation. It was ini- 
tially developed primarily for the selective removal of H2S from natural gas, but reportedly 
is also suitable for COz removal from synthesis gases. Two commercial Sepasolv MPE oper- 
ating plants are described in the literature (Wolfer et al., 1980), but BASF (1992) reports that 
this process is no longer licensed. 

The Sepasolv MPE solvent is described as a mixture of polyethylene glycol methyl iso- 
propyl ethers with a mean molecular weight of about 3 16. Physical properties of the solvent 
are given in Table 14-14. Bucklin and Schendel(l985) and Wolfer et al. (1980) present gas 
solubility data that show MPE gas solubilities are similar to those of the Selexol solution. 

Purisol Process 

This process has been developed and commercialized by Lurgi GmbH of Frankfurt, Ger- 
many, and as of 19% seven units were in operation or under construction (Lurgi 01-Gas- 
Chemie GmbH, 19%). Discussions of the basic features of the process and of its application 
to the purification of natural gas, hydrogen, and synthesis gases are provided in several refer- 
ences: (Hochgesand, 1968; Hochgesand, 1970; Stein, 1969; Kapp, 1970; Beavon and 
Roszkowski, 1969; Lurgi, 1978; Lurgi, 1988A; Kriebel, 1989). 

The solvent used in the Purim1 process is N-methyl-2-pyrrolidone (NMP), a high boiling 
liquid, which has an exceptionally high solubility for hydrogen sulfide. NMP is particularly 
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Table 14-14 
Physical Properties of Sepasolv MPE 

Molecular Weight 
Density, 20T,  g/cc 
Specific Heat, O"C, KJkgK 
Specific Heat, lOO"C, KJkgK 
Viscosity, 20"C, in Pa. S 
Viscosity, O T ,  in Pa. S 
Freezing Point, "C 

316 
1.002 
1.94 
2.18 
7.2 

15.0 
-25 

Data of Woyer (1982) 

suitable for selective hydrogen sulfide absorption in the presence of carbon dioxide, since, as 
shown in Table 14-4, H2S solubility is almost 9 times that of C02. NMP is also used in a 
number of other chemical processing applications, including acetylene recovery from pyrol- 
ysis gases, butadiene recovery from C4 fractions, and as an extractive agent for aromatics 
recovery from oil refinery stocks. The Purisol process is reportedly capable of yielding gas 
streams containing less than 0.1 percent carbon dioxide and a few parts per million of hydro- 
gen sulfide (Lurgi, 1978). 

Basic Data 

Physical properties of NMP are given in Table 14-5 and in Figure 14-12. Equilibrium 
solubility data for carbon dioxide, hydrogen sulfide, methane, and propane are presented in 
Table 14-15. The data of Boston and Schneider (1971) were obtained with a gas mixture 
containing 97.10% methane, 1.02% propane, 1.17% carbon dioxide, and 0.71% hydrogen 
sulfide at a total pressure of 850 psia and a temperature of 74°F. Additional gas solubility 
data are given in Table 14-4. 

Process Operation 

As with other physical solvents, the optimum method for regenerating the solvent depends 
upon the purity required for the treated gas. In order of increasing severity, the applicable 
regeneration methods are flashing to atmospheric pressure, vacuum flashing, inert gas strip- 
ping, and regeneration by heating. 

Griinewald (1989) reports that Purisol is effective in removing COS and that the removal 
can be enhanced by raising the absorption temperature and increasing the water concentra- 
tion in the solvent. Both of these measures serve to promote the hydrolysis of COS to C 0 2  
and H2S. The highest COS removal is obtained by the use of an undisclosed catalyst dis- 
persed in the solvent and by increasing the residence time of the solvent in the absorber to 
further promote COS hydrolysis. NMP is somewhat more volatile than other physical sol- 
vents so water washing of gaseous effluents is required to minimize solvent losses. 

The Purisol process is particularly well suited to the purification of high-pressure, high 
C02 synthesis gas for gas turbine integrated gasification combined cycle (IGCC) systems 
because of Purisol's high selectivity for H2S. Extreme purity with regard to sulfur com- 



121 2 Gas Purification 

Figure 14-12. Vapor pressure of N-methyl-2-pymlidone. Data ofGeneralAni/ine and 
Film cotp. 

pounds is not normally required for such fuel gas, and carbon dioxide in the purified gas 
expands through the gas turbine to provide additional power. 

Griinewald (1989) suggests the flow arrangement shown in Figure 14-13 as optimum for 
the processing of gas turbine fuel gas for IGCC applications. Hydrogen sulfide and some 
carbon dioxide are removed from the raw gas in the H2S absorber. The rich solution is 
flashed to a lower pressure and the flashed gas is passed through a reabsorber (for selective 
removal of H2S) before it is recompressed and recycled to the main gas stream. The solution 
is then completely stripped of acid gas by a second (hot) flash step followed by a reboiled 
stripping operation. Gas from the hot flash step is purified and recycled, while the reboiled 
stripper offgas, which has a high H2S concentration, is sent to an oxygen-blown Claus unit. 
The Claus unit is operated so that its tail gas contains H2 and CO, as well as H 2 0  and C02 
and any unconverted H2S and SOp The tail gas is passed through a hydrogenation reactor 
where all sulfur compounds are converted to H2S. It is then cooled to remove water and the 
remaining gas, consisting primarily of CO, with small amounts of H2 and H2S, is recycled 
through the reabsorber to the fuel gas stream. The net result of the process is selective hydro- 
gen sulfide removal from the fuel gas and conversion of the H2S to elemental sulfur without 
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Table 14-1 5 
Equilibrium Solubility of Gases in N - M e t h y l - 2 - ~ ~  

Temperature, Partial pressure, Solubility, 
Gas "C atm. abs. voYvol* Reference 

20 
23.5 
35 
35 
20 
23.5 
35 
20 
23.5 
23.5 

1 .o 
0.67 
1 .o 

10.0 
1 .o 
0.41 
1 .o 
1 .o 

0.59 
56 

3.95 
2.0 
3.0 

32.0 
48.8 
14.3 
25.0 
0.28 

12.2 
1.9 

A 
C 
B 
B 
A 
C 
B 
A 
C 
C 

*Gas volume at 0°C and 760 mm Hg. 
Dara sources: A) Stein (1969): B)  Hochgesand (1970): C) Boston andSchneider (1971) 

Figure 14-13. Proposed optimum configuration for combined cycle fuel gas 
desulfurization, incorporating a Purisol unit, a two-stage oxygen-blown Claus unit, 
and a Clam tail gas hydrogenation unit. (GrzhewM, 19B!?J 
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the production of a Claus plant offgas stream or the use of a Claus tail gas unit with its asso- 
ciated tail gas incinerator. 

Operation of a Purisol plant processing about 40 h4Mscfd of natural gas containing hydro- 
gen sulfide and carbon dioxide has been described by Stein (1969). The principal objective 
in this installation is to remove a maximum of hydrogen sulfide with only partial removal of 
carbon dioxide. Absorption of the acid gases is carried out in two columns, operating in 
series, the first provided with trays and the second with packing. The solvent passes from the 
second to the first absorber and is then regenerated by flashing at three different pressure 
levels, augmented by stripping with inert gas at elevated temperature in the last flash. Cool- 
ing of the solvent is required between the two absorption columns and, of course, after 
regeneration. The gas released in the f i i t  flash is recompressed and returned to the inlet of 
the f i t  absorber. The acid gases are processed in a Claus type sulfur recovery unit. Typical 
operating data from this installation are given in Table 14-16. 

Examples of process conditions proposed by Lurgi (1978) for three cases involving (a) 
essentially complete carbon dioxide removal from high-pressure gases with high carbon 
dioxide content, (b) bulk removal of hydrogen sulfide from natural gas, and (c) selective 
removal of hydrogen sulfide from natural gas are presented in Table 14-17. The first case 
involves solvent regeneration by flashing and inert-gas stripping, see Figure 14-1(B). In the 
second case, the solvent is simply flashed at three pressure levels. In the third case, requiring 
complete solvent regeneration, flashing and high temperature regeneration with reboiling are 
employed, see Figure 14-1(C). 

Table 14-1 6 
Operating Data for Purisol Plant Treating Natural Gas 

Inlet Gas Outlet Gas 

H,S, VOI % 1-10 0.02-0.2 
co , ,  vol % 8-26 6-20 
N,, V O ~  % 4-5 4-5 

Temperature, O F  32-59 77 
CH4, VOI % 70-80 75-90 

Pressure, psig 720 570 
Temperature, OF: 

Solvent to first absorber 70 
Solvent from first absorber 86 
Solvent to second absorber 75-82 
Solvent from second absorber 104-111 
Solvent to flash 266 

First flash 500 
Second flash 210 
Third flash 7.5 

Pressure, psig: 

Data from Stein ( I  969) 
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Table 14-17 
Typical Process Conditions for Acid-Gas Removal with Purisol Process 

Case: 

Feed gas: 
Volume, MMscfd 
Pressure, psig 
Temperature, "F 
H2 
co2 
H2S 
co 
CH4 
C2H6-C4H IO 

C6H 12' 

N2 

H2 

co2 
H2S 
co 
CH4 

Treated gas: 

C2H8-C4H10 
C6H12+ 

N2 

Utilities: 
Power, kW* 

vol.% 
vol.% 
vol.% 
vol.% 
vol.% 
vol.% 
vol.% 
vol.% 

vol.% 
vol.% 
vol.% 
vol.% 
vol.% 
vol.% 
vol.% 
vol.% 

1 2 3 
100 100 IO0 

1,070 510 1,070 
110 80 80 

64.53 
33.15 

1.50 
0.44 

- 

- 
- 

0.38 

96.44 
0.10 

2.24 
0.59 

- 

- 
- 

2,100 

- 
1 .o 

34.0 

63.7 
1.1 
0.2 

- 

- 

- 
1.2 
2.0 

95.4 
1.4 

0.63 

- 

- 

1,600 

- 
15.0 
6.0 

75.0 
- 

- 

- 
4.0 

- 
13.6 

2 PPm 
- 

82.0 
- 
- 
4.4 

1,100 
Steam, (45 psig), lbhr  3,750 1,500 13,000 

Cooling water (75"F), gpm 1,300 750 820 
Condensate, Ibhr 2,850 2,000 2,200 
NMP loss, l b h  6.5 11 9 

(60 p i g )  

*Without power recovery. 
Data source: Lurgi GmbH (1978) 

Rectisol Process 
The Rectisol process, which uses methanol as its solvent, was the first physical organic 

solvent process. Although it is a true physical solvent process, it has a number of features 
that set it apart from the other physical solvent processes. First, Rectisol has the demonstrat- 
ed ability to separate troublesome impurities that are produced in the gasification of coal or 
heavy oil, including hydrogen cyanide, aromatics, organic sulfur compounds, and gum-form- 
ing hydrocarbons. The use of methanol also facilitates dehydration and the prevention of ice 
and hydrate formation at the low temperatures used in the process. The second distinguishing 
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feature is that the Rectisol process operates at much lower temperatures than other physical 
solvent processes-with operating temperatures as low as -75" to -100°F. At these tempera- 
tures, methanol still has a low viscosity so that mass and heat transfer are not significantly 
impaired, and the solvent's carrying capacity for both CO, and H2S becomes very high, con- 
siderably higher than that of other physical solvents at their typical operating temperatures. 
These features lead to the ability to achieve very sharp separations, with H2S concentrations 
of typically 0.1 ppm and C 0 2  concentrations of just a few ppm in the treated gas. Likewise, 
Rectisol can achieve concentrated H2S streams suitable for Claus plant feeds and C02 off- 
gases essentially free of H2S. 

Operation at very low temperatures with very sharp separations results in relatively com- 
plex flow schemes. This, combined with the need for low level refrigeration, leads to high 
plant costs. As a result, most applications of the Rectisol process represent relatively difficult 
gas treating conditions where other gas treating processes are not suitable for one reason or 
another. Typical applications are the purification of gas streams in the heavy oil partial oxi- 
dation processes of Shell and Texaco and the Lurgi coal gasification process, as used at the 
Sasol plants in South Africa. 

The Rectisol process was initially developed in Germany by Lurgi GmbH. It was devel- 
oped further jointly with Linde AG (Kriebel, 1989) and is now offered by both firms. The 
major use of the process is in coal- and heavy oil-based facilities to produce ammonia, 
methanol, hydrogen, SNG, Fischer-Tropsch liquids, and oxo alcohols. In 1996 it was report- 
ed that more than 1 0 0  units were in operation or under construction (Lurgi 01-Gas-Chemie 
GmbH and Linde AG, 1996). 

A large industrial Rectisol plant used for the purification of gas obtained by coal gasifica- 
tion in Lurgi gasifiers at the first Fischer-Tropsch plant of South African Oil, Coal, and Gas 
Corporation (SASOL) in South Africa has been described (Hoogendoorn and Solomon, 
1957; Ranke, 1973). This plant, which was installed in the 1950s, consists of three identical 
purification units with a total capacity of 164 MMscfd of gas and a common regeneration 
section. In the 197Os, two much larger coal gasification facilities were. installed by Sasol, 
with each Rectisol purification system treating over 1 billion standard cubic feet per day of 
gas. Each of these Rectisol facilities consists of four independent trains. Another large Recti- 
sol facility was installed at the Great Plains gasification plant in North Dakota and was 
designed to produce 137.5 MMscfd of substitute natural gas (SNG) from lignite. 

Basic Data 

Physical property data for methanol are given in Table 14-5. The solubility of carbon 
dioxide in methanol as a function of temperature at a partial pressure of one atmosphere is 
shown in Figure 14-14 (Herbert, 1956). The effect of partial pressure on the equilibrium sol- 
ubility at two temperatures is shown in Figure 14-15 (Hochgesand, 1968). Equilibrium solu- 
bilities of H2S and C 0 2  at two temperatures are reported by Hochgesand (1970) and are pre- 
sented in Table 14-18. Additional data on the effects of temperature on the solubilities of 
gases in methanol are provided by Figure 14-2. The vapor pressure of methanol (Dreisbach, 
1952) is given in Figure 14-16. The high vapor pressure of methanol results in relatively 
high vapor pressure losses and correspondingly high methanol makeup requirements. 

procesS Description and Operation 

The Rectisol process is available in a wide variety of configurations to meet specific 
requirements and feed conditions. Systems can be designed to (1) remove all impurities, pro- 
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TEMPERATURE,.C 

Figure 14-14. Solubility of carbon dioxide in methanol, partial pressure of carbon 
dioxide = 1 atm. Data of Herbert(1956) 

Figure 14-15. Effect of partial pressure on solubility of carbon dioxide in methanol. 
Data of Hmhgesand (1968) 
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Temperature, "C 

0.0) 
-80 -60 -40 -20 0 20 40 60 

TEMPERATME.% 

Figure 14-16. Vapor pressure of methanol. Data ofDreisbacn 

Solubility, voVvol Selectivity 
H2S co2 H2S/C02 

Table 14-1 8 
Equilibrium Solubilities of tl# and C02 in Methanol 

-IO 
-30 

41 8 5.1 
92 15 6.1 

I Source: Data of Hochgesand (1970) I 

ducing a treated gas that is essentially free of both CO? and sulfur compounds; (2) remove 
H2S and other sulfur compounds selectively, leaving a portion of the C 0 2  in the treated gas; 
and (3) remove and recover COz. and H2S separately producing three product streams (puri- 
fied gas, C02, and H2S). Typical objectives of the different configurations include the pro- 
duction of a highly purified gas stream; the production of a hydrogen sulfide-rich gas stream 
suitable as feed to a Claus plant; and the production of a pure C02 stream that can be used in 
the synthesis of urea. 

A Rectisol unit designed for the production of synthesis gas and carbon dioxide, which are 
suitable as feeds to a urea plant, has been described by Linde AG and Lurgi GmbH (1992). 
The material balance for this type of plant and a summary of utility requirements based on a 
1 ,OOO tondday ammonia unit are provided in Table 14-19. 

Two basic configurations of the Rectisol process are the nonselective standard process and 
the selective version. In the nonselective or single-step process the CO, and HzS are 
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Table 14-19 
Rectisol Process Material Balance and Utility Requirements 

Material Balance, Mol% 

Feed Purif.Gas COZ Tail Gas H2S Stream 
H2 62.47 95.27 0.84 0.07 0.3 1 
Nz + Ar 0.5 1 0.76 0.08 25.32 4.36 
CO + CH4 2.67 3.97 0.33 0.04 0.08 
co2 34.10 20 PPm 98.75 74.57 68.01 
HZS + COS 0.25 0.1 ppm 2 PPm 5 PPm 27.24 

Conditions 

Flow, kmoVh 6,021.1 3,936. I 1,283.9 1,003.6 54.2 
Pressure, bar 78 76 1.8 1.1 2.5 

Utility Requirements 

Power (shaft, without power recovery), kW 
Steam (6 bar), Ibh 
Refrigerant (at 235"K), Btuh 
Cooling water (At = 10°C), gpm 
Stripping gas (4 bar), kmolh 
Methanol loss. lb/h 

1,100 
14,300 

6.75 x 106 
1,320 
256.7 

66 
~~ ~~ 

Basis: 1,OOO todd ammonia plant (Linde AG and Lurgi GmbH, 1992) 

absorbed simultaneously; whereas, in the selective or two-step design H2S is removed in the 
first step followed by CO, removal in the second step. The majority of commercial applica- 
tions employ the standard configuration. 

Many of the operating details of the commercial facilities are held confidential by the 
licensors. However, good general descriptions are available in the previously cited articles, 
and in a non-confidential DOE document (Miller and Lang, 1985) describing the Great 
Plains SNG-from-coal plant in North Dakota. The description which follows is taken from 
this latter reference. 

Standard Rectisol Plant 

In the North Dakota plant, lignite is gasified using Lurgi technology. After removal of 
heavy impurities such as coal tar and particulate solids from the gasifier effluent and a water 
gas shift conversion step, the Rectisol process is used to remove naphtha, HzS, COz, and 
other contaminants such as HCN, mercaptans, COS, and organic sulfur impurities. The 
process gas then undergoes methanation, which produces methane from Hz and carbon 
oxides to yield pipeline specification gas referred to as SNG (synthetic or, alternatively, sub- 
stitute natural gas). 

The Great Plains Rectisol unit consists of two identical absorption and regeneration trains 
with a common naphtha extraction and methanol recovery train. The basic flow scheme is 
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shown in Figure 14-17. The composition of the feed gas to the Rectisol plant at the Great 
Plains plant is 39% COz and 0.35% HzS. Feed gas pressure to the Rectisol unit is close to 
400 psig, while the combined feed gas flow for both Rectisol trains is 556 MMscfd. 

The feed gas is first chilled by heat exchange with process off-gas streams and then by 
ammonia refrigeration to a temperature between -30" and -55'F. The feed gas then passes 
to the prewash and absorber column. The prewash and absorber column is divided into t h e  
major sections: the bottom prewash, the middle main absorption, and the top final absorption 
sections. The middle main absorption section is divided into upper and lower segments by a 
chimney tray. The bottom or prewash section removes naphtha and other relatively heavy 
impurities, while H2S, C02, and most of the lighter impurities are absorbed in the middle 
main absorption sections. The top final absorption section removes the residual traces of 
COz and HzS from the product gas. Methanol is used in all three sections to accomplish these 
separations. 

The leanest methanol, from the hot regenerator column, is fed to the top final absorption 
section of the prewash and absorber column. Most of the methanol from the flash regenera- 
tor is returned to the upper main absorption section. Methanol from this upper main absorp- 
tion section is withdrawn from the prewash and absorber column and chilled by ammonia 
refrigeration. Most of this methanol is recycled back to the top tray of the lower main 
absorption section. This removes the heat of absorption and permits higher solution loadings. 
A small slipstream of the rich, chilled methanol is used for heavy impurity removal in the 
bottom prewash section. 

The treated gas with H2S and C02 concentrations reduced to 0.2 ppm and 1.5 volume per- 
cent, respectively, is used to precool the feed gas, and then passes to the battery limits 
enroute to methanation. With the design feed gas, both Rectisol trains produce 355 MMscfd 
of product gas which, after methanation, yields 137 MMscfd of SNG. The rich methanol 
from the main absorption section of the prewash and absorber column is chilled by ammonia 
refrigeration and flows to a series of six flash regeneration steps, A through F. In these six 
flash regeneration stages, the rich solvent is flashed at successively lower pressures with the 
final flash at vacuum conditions. Offgas from the first flash, containing significant amounts 
of Hz, CO, and CH4, is recycled to recompression facilities for eventual recovery of these 
valuable components. Flash gas from the other flashes is sent to a Stretford unit for removal 
of H2S. Gas from the three lowest pressure flashes requires compression to 8 psig before 
Stretford treating. 

Some of the methanol from the flash regenerator is regenerated in the hot regenerator col- 
umn where H2S is stripped to very low residual levels. This tower is reboiled with low pres- 
sure steam; while the overhead gas stream containing acid gases is washed with steam con- 
densate for methanol removal, then combined with the flash regenerator offgas, and directed 
to the Stretford plant for H2S removal. 

Methanol from the prewash section of the prewash and absorber column, which contains 
naphtha and other impurities, is flashed in the prewash flash vessel for removal of dissolved 
gases, which also pass to the Stretford unit. The flashed methanol then flows to the naphtha 
extractor along with several aqueous streams. When the aqueous streams and the prewash 
methanol are mixed, the methanol preferentially dissolves in the aqueous phase and the 
naphtha is recovered as an immiscible layer in the extractor. The naphtha is then distilled in 
the naphtha shipper for removal of dissolved gases and small amounts of water. 

The methanol-water cut from the naphtha extractor is distilled in the azeotrope column 
where a methanol-water-naphtha azeotrope is taken overhead and then recycled to the naph- 
tha extractor. The bottom product from the azeotrope column contains methanol and water 
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and is sent to the methanol-water column. In this tower, the water is rejected from the bottom 
and used off-site for cooling tower makeup. The methanol overhead stream is recycled to the 
hot regenerator column for eventual reuse in the final absorption section of the prewash and 
absorber column. 

Many of these steps are made necessary by the presence of naphtha and other troublesome 
contaminants in the gas stream and are not normally included in plants that treat gas streams 
derived from sources other than the Lurgi coal gasification process. 

Selective Rectisol Plant 

Hochgesand (1968, 1970) and Kriebel (1989) present essentially identical flow diagrams 
for a selective Rectisol unit treating high-pressure partial oxidation gas. See Figure 14-18 
for details. 

In the selective Rectisol process, the H2S is removed in the first absorber using a relatively 
small flow of methanol while the C 0 2  is removed in the second absorber with the main 
methanol flow. A flash regenerator is used to expel some of the dissolved C 0 2  from the rich 
methanol. Nitrogen stripping is then used to remove additional CO2 and further concentrate 
the H2S in the methanol. Finally, H2S is stripped from the methanol in the hot regenerator, 

Figure 14-18. Simplified process flow diagram of selective Rectisol process. (Kriebel, 
1989) 
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which is a conventional trayed distillation tower with reboiler and condenser. An additional 
tower, which is not shown, is also used to remove water accumulating in the circulating 
methanol stream. 

lfpexol Process 
This process has recently been introduced by Institut FranGais du Pttrole (IFP). The 

process employs methanol as the sole agent for treating natural gas to achieve (1) dehydra- 
tion, (2) natural gas liquids recovery, and (3) acid gas removal. These steps are integrated 
into an overall processing system. The first Ifpexol unit was constructed in 1992. In 1996, it 
was reported that six Ifpexol process plants were in operation and five more were in various 
stages of design. Capacities range from 10 to 350 MMscfd (Institut FranGais du Pttrole, 
1996). The technology is described by Minkkinen and Levier (1992). The overall system 
involves two separate processes that may be used independently or in combination. IFPEX-I 
removes condensable hydrocarbons from the feed gas, while IFPEX-2 accomplishes acid gas 
removal and recovery. 

Figure 14-19 is a flow diagram of the combined Ifpexol concept. In the first step water is 
separated from the natural gas to allow low-temperature processing in the subsequent steps. 
This is accomplished by contacting the natural gas feed with a methanol-rich stream in a con- 
ventional countercurrent contactor. Methanol, since it is more volatile than water, is vaporized 
and taken overhead, while the water stream containing as little as 50 ppm of methanol is with- 
drawn as bottoms. Control of this column to achieve the desired splits of water and methanol 
while minimizing methanol losses in the water stream is critical to proper operation. 

Liquid hydrocarbons and a water-methanol liquid stream are condensed from the gas as it 
is chilled for low temperature acid gas removal by the IFPEX-2 process with the water- 
methanol cut being recycled to the dehydration step. The chilled mixture is passed through a 
separator from which the liquid water-methanol cut is recycled to the dehydration column, 
the liquid hydrocarbon cut is removed for recovery, and the gas phase is sent to the IFPEX-2 

Figure 14-19. Flow diagram of lrpexol process, consisting of IFPEX-1 and IFPEX-2 units 
in series. (Menkkinen and f eder, 1992) 
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process absorber. In the IFPEX-2 section, acid gases are removed from the natural gas 
stream in a conventional absorber-stripper system, much as in the Rectisol process. IFP 
states that hydrocarbon removal in this acid gas removal step can be controlled within limits 
by adjusting absorption parameters, primarily the water content of the methanol. 

Selective removal of H2S or removal of essentially all the acid gas can be achieved. 
Pipeline H2S specifications of 0.25 grains per 100 SCF and COz levels of 1% are claimed to 
be feasible (Institut Franqais du Pktrole, 1992). 

Estasolvan Process 
The Estasolvan process was announced jointly by Institut FranGais du Petrole of France 

and Friedrich Uhde GmbH of West Germany (Franckowiak and Nitschke, 1970). The 
process was demonstrated in two pilot plants, but it has recently been reported that further 
promotion of the process has been halted, and the process is now commercially unavailable 
(Uhde, 1992). 

The Estasolvan process was based on the use of tri-n-butyl phosphate as a solvent. Select- 
ed physical properties of this material are listed in Table 1420. The process development 
work focused primarily upon the selective removal of H2S from natural gas that also con- 
tained C02. The solubility of C02 in the solvent is significantly lower than in most other 
physical solvents used for gas treating, but this, of course, is beneficial in accomplishing 
selective removal of H2S. 

One proposed variation of the process incorporated simultaneous absorption of acid gases 
and liquefied petroleum gases (LPG) in the solvent, followed by separation of the absorbed 
components by fractional distillation. High percentage removal of both COS and mercaptans 
was also claimed. 

Table 14-20 
Physical Properties of Tributylphosphate 

Formula (C4H8)3m4 
Molecular weight 266.32 
Specific gravity (25°C) 0.973 gradml  

Boiling point (30 mm Hg) 
Viscosity 

Melting point -80°C 
180°C 

20°C 3.19 cp 
40°C 2.15 cp 

100°C 1cP 
Vapor pressure 20°C 0.0037 mm Hg 

40°C 0.018 mm Hg 
100°C 1 mmHg 

So 1 ubi 1 it y 
TBP in water (25OC) 
Water in TBP (25°C) 

Data source: Franckowiak and Nitschke (1970) 

0.42 gram/liter 
65 gramsfliter 
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Methylcyanoacetate Process 

The Methylcyanoacetate process, disclosed by the Union Oil Company of California 
(Woertz, 1971), was tested in a pilot plant, but has not been used commercially. The solvent, 
methylcyanoacetate (MCA), is reported to be stable and to have high capacity for acid gases. 
An interesting feature of the process is that the solvent is appreciably more selective for acid 
gases contained in hydrocarbon gas streams than the solvents used in commercial processes 
of this type. For example, it is reported by Woertz (1975) that under comparable operating 
conditions, propylene carbonate removes about 50% of the propane and 100% of the butanes 
present in a hydrocarbon feed gas, while MCA removes only about 30% of the propane and 
75% of the butanes. Vapor-liquid equilibrium data for a number of gases in methylcyanoac- 
etate have been reported (Woertz, 1975). 

MIXED PHYSICAUCHEMICAL SOLVENT PROCESSES 

Sulfinol Process 

In contrast to the processes described previously in this chapter, the Sulfinol process 
employs a mixture of a chemical and a physical solvent. This is often referred to as a “mixed 
solvent process.” In a mixed solvent process, the physical solvent removes the bulk of the 
acid gas while the chemical solvent (an alkanolamine in the Sulfinol process) purifies the 
process gas to stringent levels, all in a single step. Although the process flow sheet resembles 
that of a conventional amine treating unit, the presence of the physical solvent enhances the 
solution capacity, especially when the gas stream to be treated is at high pressure and the 
acidic components are present in high concentrations. The Sulfnol process also has demon- 
strated its ability to achieve high efficiency removal of other impurities, namely COS, mer- 
captans, and other organic sulfur compounds. 

The Sulfmol process is licensed by the Shell Oil Company in the U.S. and by Shell Inter- 
national Petroleum Maatschappij (SIPM) in the Netherlands. The process has found wide 
application in the treatment of natural, refinery, and synthesis gases. The Sulfinol process 
can meet the requirement for deep C 0 2  removal to 50 ppm for LNG plants, as well as the 
opposite extreme of bulk C 0 2  removal using flash regeneration. Table 14-21 shows the 
ranges of feed gas composition and conditions and of treated gas purity specifications of 
licensed Sulfinol plants (Shell, 1992). In 1996, more than 180 commercial units were report- 
ed to be in operation or under construction (Shell, 1996). 

Basic Data 

The Sulfinol solvent consists of sulfolane (tetrahydrothiophene dioxide) and an alka- 
nolamine, usually diisopropanolamine (DIPA) or methyldiethanolamine (MDEA), and water. 
The solvent with DIPA is referred to as Sulfinol-D or simply as Sulfinol, and the solvent with 
MDEA is referred to as Sulfinol-M. Typically, Sulfinol-D is used when essentially complete 
removal of both hydrogen sulfide and carbon dioxide and deep removal of carbonyl sulfide is 
desired. Sulfinol-M is used for the selective removal of hydrogen sulfide over carbon dioxide 
and the partial removal of carbonyl sulfide (Nasir, 1990). Both Sulfinol solvents are reported 
to be capable of removing mercaptans and alkyl sulfides to very low levels. 

The equilibrium solubility of hydrogen sulfide in sulfolane and in the Sulfinol-D solvent, 
as a function of partial pressure, is shown in Figure 14-20 (Dunn et al., 1964). For compari- 
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Table 14-21 
Ranges of Feed Gas ComposStions, Conditions, and Treated Gas Purity 

For Licensed Sulfinol Plants 

I Feed Gas Treated Gas Purity 
Pressure, psia 
Acid Gas Content, %vol 

H2S 
COZ 

1 cos 
~ RSH i Acid Gas Partial Press, psia 

H2S 
~ co2 
i H2S+CO* 
1 H2S/C02 Ratio, Volume 

22 to 1,330 

0 to 53.6 
2.6 to 43.5 

0 to 1,000 ppmv 
0 to 3,000 ppmv 

1 to 8 ppmv 
50 ppmv to 3.7%m+ 

3 to 160 ppmv 
4 to 160 ppmv 

0 to 713 
2.7 to 396 
12 to 748 
0 to 20.4 

Source: (Shell, 1992) 

. 
0 10 #) 30 

EQUILIBRIUM SOLVENT LOADING, SCF H&6AL SOLVENT 

Figure 14-20. Solubility of hydrogen sulfide in Suffinol solvent. (Dum etal., 1964) 

son, the solubility of hydrogen sulfide in water and in 20% aqueous monoethanolamine solu- 
tion is also shown. It should be noted that, from the standpoint of solvent capacity, the Sulfi- 
no1 solvent is inferior to aqueous monoethanolamine at low hydrogen sulfide partial pres- 
sures. However, as the partial pressure of hydrogen sulfide becomes higher, the capacity of 
the Sulfinol solvent continues to increase, while that of the monoethanolamine solution 
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remains almost constant because the stoichiometry of the chemical reaction between hydro- 
gen sulfide and the amine limits the capacity of the monoethanolamine solution, 

Process Description 

A typical flow diagram of a Sulfinol unit is shown in Figure 14-21. The scheme is identi- 
cal to that of a typical alkanolamine system as discussed in Chapter 2, with the exception of 
the flash tank, which is optional in aqueous ethanolamine systems treating low pressure 
gases, but almost a necessity in a Sulfinol unit. Because of the relatively high solubility of 
hydrocarbons in the solvents, omission of the flash tank would lead to high concentrations of 
hydrocarbons in the acid gas and possibly to operational difficulties in Claus units where the 
hydrogen sulfide is converted to elemental sulfur. The flash gas from the flash tank can 
either be recompressed and recycled to the absorber inlet, or, as usually practiced in natural 
gas-treating plants, treated and used as plant fuel. 

Process Operation 

Operating data from commercial units using Sulfinol-D as reported by Dunn et al. (1965) 
and Frazier (1970) are presented in Table 14-22. Pilot-plant data obtained with an East 
Texas natural gas are shown in Table 14-23 (Dunn et al., 1964). For comparison, perfor- 
mance data of the same pilot plant with an aqueous 20% monoethanolamine solution are also 
given. Additional pilot-plant data obtained in processing four different Canadian natural-gas 
streams are given in Table 14-24 (Dunn et al., 1964). 

A Sulfinol-M plant in Rankin County, Mississippi, which treats 100 MMscfd of natural 
gas containing 34% H2S and produces pipeline quality gas and 1,275 LTld of elemental sul- 
fur, is described by Christensen (1979). The plant also removes 97% of the COS, which is 
present in the feed gas at a concentration of 705 ppm. 

CI 1 
E 

Figure 14-21. Typical flow diagram of Sulfinol process. 
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Table 14-22 
Commercial Operating Data for the Sulfinol-D procesS 

Plant A B C D 

Feed gas: 
Volume, MMscf/d 32 150 50 150 

H,S, gr/IOO scf 1.60(%) 6.35 27.00 19.00 
co*,  % 6.90 3.30 9.16 6.8 1 

Pressure, psig 1 ,ooo 1 ,ooo 1 ,ooo 1 ,ooo 

COS, ppm 7 
RSH, gd100 scf 19(ppm) 0.75 0.20 - 

- - - 

Total hydrocarbon, % 91.00 96.33 89.88 9 1.40 

Treated gas: 
coz, % - 0.30 0.30 0.30 
H2S, gr/lOO scf <0.1-0.6 0.25 0.25 0.25 
RSH, gr/100 scf - 0.25 - - 

- - - Solvent rate, gpm 3 15-335 
Solvent loading, scf/gal 6.0 
Reboiler duty, MMBtu/MMscf gas 10.1 - - - 

- - - 

Data sources: Plant A-Frazier (1970): Plants B, C, and D-Dunn et ai. (1965) 

Table 14-23 
Pilot-Plant Data for Suifinol-D Process and Aqueous MEA 

(East Texas Natural Gas) 

Sulnnol 20% MEA 
~~~~ ~ 

Absorber pressure, psig 1 ,ooo 1 ,ooo 
Solvent rate, gpm 1 .o 1 .o 
Solvent loading, scf/gal 8.5 4.9 

Feed gas rate, scf/min 40.7 23.6 

Total steam, Ib/lb acid gas* 1.42 3.80 
Feed gas: 

HZS, % 15.00 
co2, % 6.00 

Nz, ?h 7.50 
CH4, % 57.69 
Czb ,  6.24 

COS, ppm 60 

C3Hg +, % 7.57 

H2S, gr/100 scf <1 < I  
Treated gas: 

*Combined duty of preheater and reboiler 
Data of Dunn et al. (1964) 
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Table 14-24 

(Canadian Natural Gas) 
Pilot-Plant Data for Sulfin~l-D Process 

Gas Stream A B C D 
~~ 

Pressure, psia 995 935 935 715 
Feed gas: 

HzS, % 26.40 16.20 15.60 3.40 
coz,  % 5.20 5.40 5.50 1.30 
cos, % 0.03 0.01 0.0 1 - 
RSH, gr/lOO scf 0.75 0.14 0.14 - 

Treated gas: 
HzS, gr/lOO scf 0.4 0.13 0.1 0.15 
COz, gr/lOO scf <1 <1 <1 <1 
RSH, gr/lOO scf <o.o 1 - - - 
COS, ppm 2.0 1 .o 1 .o - 

Acid gas: 
Hydrocarbon, % 1.9 0.8 0.7 3.6 

Steam, lbflb acid gas 0.9 1 .o 1 .o 1.3 
Data of Dunn et al. (1964) 

A summary of plant operation is given in Table 14-25. The operation of a Sulfinol-M 
plant in The Netherlands that treats 300 MMscfd of natural gas containing 0.15 to 0.44% 
H2S and 2.87 to 4.25% C02 is described by Taylor and Hugill (1991). This plant is designed 
to reject COz during the absorption step and also to increase the H2S content of the feed to 
the Claus unit by a “flash enrichment” step. Figure 14-22 is a simplified flow diagram show- 
ing the integration of the Claw plant and its tail gas treater and a molecular sieve dryer with 
the Sulfinol unit. Also shown is the flash enrichment step. Table 14-26 summarizes the over- 
all performance of the plant. 

Studies of hydrocarbon solubility in the Sulfinol solvent conducted during the early pilot 
plant tests indicate that aliphatic hydrocarbons up to pentane are largely rejected by the sol- 
vent. However, aromatics are absorbed quite efficiently (Dunn et al., 1964). Sulfinol solvent 
has proved to be very stable. For Sulfinol-D, losses due to degradation are generally less 
than 5 lb per MMscf of raw gas. No significant losses or degradation of the solvent have 
been experienced with Sulfinol-M. Corrosion is, in general, no problem in Sulfinol units, and 
carbon steel is a satisfactory material of construction @unn et al., 1964). However, isolated 
cases of absorber corrosion, particularly in the lower section of the vessel, have been report- 
ed (Schmeal et al., 1978). Blisters and “ring pits” were observed on trays, downcomers, and 
vessel walls. The corrosion was ascribed to boiling and flashing of acid gas. It was especially 
pronounced in units processing gases where the acid gases are present in low ratios of carbon 
dioxide to hydrogen sulfide. Lowering of temperatures in the absorber bottom and protection 
of that area with stainless steel liners were found to be effective remedies. 

In addition to its effectiveness for acid-gas removal, the Sulfinol solvent shows excellent 
capability for the removal of carbonyl sulfide and mercaptans. In one test, about 96% removal 
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Table 14-25 
Operating Data from Rankin County, M i p p i  Sulfinol-M Plant 

Design Actual 

Feed Gas Flow Rate, MMscfd 100 5 to 106 

H,S, mol % 34 34.4 
COz, mol % 9 7.7 

Temperature, O F  100 135-150 

COS, ppm 500 705 

Residue Gas 
H A  PPm 8 1 
C 0 2 ,  mol % Nil 0.02 

COS, ppm 70 15 

Sulfur 
Production, LTId 1,275 120-1,434 
Recovery efficiency, % 97.7 98.6-96.5 

Data source: Christensen (1979) 

c-1 

Fee* ! Fuel gas 

C-I 4 
I r-@ gq. 

Treated gas 

$inerator . 
-4 

To 
incinerator 

1 
C-1 Main absorber C.5 Regenerator 
C-2 Fuel-gas absorber C-6 SCOT absorber 
C-3 Molilwe regenerali ottgas absorber V-1 Fuel-gas lbsh vmel 
C-4 Enrichmenl absorber V-2 Enrichment IWI ~ s s e l  

Figure 14-22. Simplified flow diagram of Suffinol unit integrated into an overall process 
including a Claus sulfur recovery unit and a tail gas treatment system. (Taylor and 
Hugill, 1991) 
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Feed Gas, MMscfd 
H2S, mol % 
C02, mol % 

Pipeline Gas 
H2S3 PPm 
C 0 2  slip, % 

Reboiler Duty, MMBtuh 

Table 14-26 
Performance of Sulfinol-M Desulfurization Unit at Emmen, The Netherlands 

Design 

150* 

<3.5 
>60 
6 1  

High HIS 

150 
0.44 
4.25 

2.6 
62.4 
49 

LOW HZS 

150 
0.15 
2.87 

2.2 
60.8 
46 

of methyl mercaptan was reported (Dunn et al., 1964). When a Sulfinol absorber is designed 
to reduce the H2S concentration in the gas to 4 ppm, it will typically remove about 70% of the 
other sulfur compounds (Shell Oil Co., 1992). The removal efficiency for other sulfur com- 
pounds in a given column can, of course, be increased by increasing the solvent flow rate. 

Amisol Process 
The Amisol process is similar to the Sulfinol process in that it uses a combination of a 

physical and chemical solvent for acid gas removal. It was developed by Lurgi GmbH and 
employs methanol as the physical solvent, as does the Rectisol process, which was co-devel- 
oped by Lurgi (Bratzler and Doerges, 1974). The f i s t  plants practicing the Amisol process 
used alkanolamines (MEA and DEA) as the chemical solvents; however, the more recent 
plants, where selective H2S removal was an objective, have used alphatic alkylamines 
(Kriebel, 1985, 1989). 

The Amisol process can be used for either selective desulfurization or complete removal 
of C02, H2S, COS, and other organic sulfur compounds. Reportedly sulfur can be removed 
to less than 0.1 ppm and C02 to less than 5 ppm (Lurgi GmbH, 1988B). Through 1993, there 
were six plants employing the Amisol process, five of which removed H2S and other impuri- 
ties from gases derived from the gasification of coal, peat, or heavy oil, while the sixth 
removed C 0 2  from reformer effluent and recycle gases (Lurgi GmbH, 1993). 

Basic Data 

The specific alkylamines-diisopropylamine (DIPAM) and diethylamine (DETA)-differ 
from MEA and DEA in that they have (a) greater chemical stability, (b) higher acid gas load- 
ing, (c) high H2S selectivity, (d) easier regeneration (including a lower reboiler temperature), 
and (e) higher volatility. Like the alkanolamines, they are soluble in water. Properties of the 
alkylamines are shown in Table 14-27. Properties of DEA are included for comparison. 
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Table 14-27 
properties of Amines Used in the Amisol Precess 

~ ~ 

DIPAM 

Chemical Formula [(CH3)2CHl2 
Molecular Weight 101.2 
Boiling Point, "C 84 
Vapor Pressure, mmbar 

at 20°C 100 
Specific gravity, at 20°C 0.716 

~ ~~~ 

DETA DEA 

(C2H5)2 NH (Hm2H4)2 NH 
73.14 105.14 

56 269 

253 0.1 
0.704 1.092 

Source: Kriebel(l985) 

Kriebel (1985, 1989) presents solubility data for Amisol systems using DIPAM and 
DETA showing that the carrying capacities of the Amisol mixed solvents for H2S are signifi- 
cantly greater than both DEA and MDEA at H2S partial pressures above about one bar. 

Process Operation 

Amisol plants are in use in Europe and China to purify various synthesis gases derived 
from coal, peat, and heavy oil and fuel gas derived from coal. Feed gas compositions and 
conditions for three different coal gasification cases described by Kriebel(l985) are present- 
ed in Table 14-28. 

The flow diagram for one of the cases (selective desulfurization of gas from an air-blown 
VEW entrained bed gasifier) is shown in Figure 14-23. This plant uses the newer version of 
the Amisol process that employs DETA as the chemical solvent. 

A prewash to remove impurities such as HCN and NH3 is contained in the bottom of the 
absorber. For other gas streams, such as that obtained from the British GasiLurgi slagging 
gasifier, a more elaborate prewash is required. Because of the high volatility of the solvent 
components, both the absorber, which operates at ambient temperature, and the regenerator, 
which operates at about 80°C, require water wash stages at the top of the columns. The water 
absorbs vaporized solvent and the resulting aqueous solution is fed to a distillation column. 
Methanol and amine vapors from the top of the still are condensed to provide heat for the 
regenerator and the condensate is added to the main circulating solvent stream. Solvent-free 
water from the bottom of the still is reused as wash water. 

The absorbedregenerator system shown on the left of the diagram is conventional, but the 
additional reabsorber, shown on the right, is not commonly used in amine plants. It serves to 
selectively remove H2S from the C02-rich vapor stream extracted from the regenerator, con- 
centrating the H2S offgas to a level that can be sent to a Claus plant. Enrichment schemes 
such as this have usually been limited to pure physical solvent systems. 

Selefining Process 
This process was developed by Snamprogetti SpA of Milan, Italy, for selectively remov- 

ing H2S from natural and synthesis gases also containing C02. The Selefining solvent con- 
sists of a tertiary amine mixed with an undisclosed physical solvent. The physical solvent 
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Figure 14-23. Simplified flow diagram of Amisol process for selective desulfurization of 
gas from an air-blown entrained-bed coal gasifier. (Mebe/, 7985) 

Table 14-28 
Composition of Amisol Plant Feed Gas Streams from Coal Gasifiers 

RBW VEW BGL 
Hydro Entrained Bed Slagging 

Gasifier Gasifier Gasifier 
Major Components, Vol % 

co2 1.8 4.17 3.96 
co 7.2 22.36 60.65 
H2 53.1 11.46 25.15 
N2 0.8 61.48 0.87 

8.1 1 
0.33 0.2 

- 0.14 
- - 0.16 C3 hydrocarbons 

- 0.04 C4 hydrocarbons - 
- 0.01 C5 hydrocarbons - 

C6H6 0.05 
H2S 0.1 0.2 1 0.49 

cos 5 244 200 
RSH 134 
CS2 - 14 200 
HCN 9 66 600 

9 34 loo 
10 

NH3 
Thiophene 

7 Naphthalene - - 
Pressure, Bar 51 19 55 
Temperature, "C 40 60 40 

0.6 
- 
36.3 I CH4 

CZH6 
C2H4 

- - 

Trace Components, ppmv 

- - 

- - 

RBW = Rheinische Braunkohlenwerke, A. G. Kohn 
VEW = Vereinigte Electrizitatswerke Wesrfalen, Dortmun 
BGL = British Gas Corporation, London 
Source: Kriebel(1985) 
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water content is maintained at a low level. Although a physical solvent is used in much the 
same manner as Shell’s Sulfinol and Lurgi’s Amisol Process, the developer considers 
Selefining to be an amine process. The tertiary amine can react with COz in the presence of 
water to produce carbonate, but cannot produce carbamates. By mixing the tertiary amine 
with a physical solvent rather than with water, the hydration of C02 in the solution is retard- 
ed still further, promoting selective H2S removal. The extent of COz removal can be con- 
trolled by adjusting the water content of the solution. HzS can react directly with tertiary 
amines without the requirement for water. 
In 1988, it was reported that three plants had been licensed, including an existing system 

that was retrofitted from MEA-DEG to Selefining (Snamprogetti SPA, 1988). The retrofitted 
plant, which is described by Gazzi and Rescalli (1988), treats 12 MMscfd of natural gas at 
Ferrandina in southern Italy. The feed gas contains 1.5% HzS and 4.45% COz at 580 psia. 
Treated gas is produced containing less than 1 ppmv of H2S and 1.5% COz. The process is 
capable of higher COz slippage; however, for this application 1.5% COz represents the maxi- 
mum acceptable for pipeline use. 
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INTRODUCTION 

Membrane technology, as applied to gases, involves the separation of individual compo- 
nents on the basis of the difference in their rates of permeation through a thin membrane bar- 
rier. The rate of permeation for each component is determined by the characteristics of the 
component, the characteristics of the membrane, and the partial pressure differential of the 
gaseous component across the membrane. Since separation is based on a difference in the 
rates of permeation rather than on an absolute barrier to one component, the recovered com- 
ponent that flows through the membrane (the permeate) is never 100% pure. Also, since a 
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finite partial pressure differential is required as the driving force, some portion of the perme- 
ating component remains in the residue gas, and 100% recovery is not possible. As these 
generalizations would suggest, the process is particularly suitable for bulk removal opera- 
tions rather than for the removal of trace impurities from gas streams. It should be noted, 
however, that relatively high product purities and high recoveries are possible with mem- 
brane systems (at increased cost) by the use of multiple stages and recycle systems or when 
used in combination with other technologies. 

The residue gas product normally leaves the unit at a pressure close to that of the feed, 
while the permeate product, which must pass through the membrane, leaves at a much 
reduced pressure. The principal (andor highest purity) product may be either the permeate 
(e.g., the production of hydrogen from dilute gas streams) or the residue gas (e.g., the purifi- 
cation of natural gas by the removal of excess carbon dioxide from high pressure feed), and 
the process may be considered either separation or purification. 

Gas purification and separation by membrane permeation has many advantages, including 

Low capital investment 
Ease of operation. Process can be operated unattended 
Good weight and space efficiency 
Ease of scale up. However, there is little economy of scale (see disadvantages below) 
Minimal associated hardware 
No moving parts 
Ease of installation 
Flexibility 
Minimal utility requirements 
Low environmental impact 
Reliability 
Ease of incorporation of new membrane developments. Users can install the next genera- 
tion of membranes into existing equipment at the scheduled membrane replacement time 
(Schell, 1983) 

The principal disadvantages are- 

* A clean feed is required. Particulates, and in most cases entrained liquids, must be removed. 

Because of their modular nature, there is little economy of scale associated with larger mem- 

Because membranes use pressure as the driving force of the process, there may be a consid- 

Filtration to remove particles down to one micron in size is preferred. 

brane installations. 

erable energy requirement for gas compression. 

History and Status 
Since the 19th century it has been known that certain polymer membranes can separate 

gases by permeation. As early as 183 1, Mitchell reported that different gases permeate mem- 
branes at different rates. Graham, in 1866, discussed the mechanism of permeation and 
demonstrated experimentally that mixtures of gases can be separated using rubber mem- 
branes. In 1950, Weller and Steiner reported on permeation processes of industrial impor- 
tance, the separation of oxygen from air and the recovery of helium from natural gas. How- 
ever, the selectivity and production rates of the membranes available at the time were poor 
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and the large membrane areas required made membrane permeation economically unattrac- 
tive. In 1960, Loeb and Sourirajan developed a technique to cast cellulose acetate into a film 
that had an active thin surface layer and a highly porous supporting layer. These asymmetric 
membranes provided increased permeation rates while retaining their selectivity for specific 
gases. The development of these membranes improved the economics of membrane applica- 
tions and led to increased interest in membrane technology. 

During the 1970s, considerable research and developmental work was devoted to mem- 
branes. Many potential applications were identified, but commercialization was slow. In 
1977, Monsanto demonstrated its first full scale membrane separator at Texas City, Texas, in 
a hydrogedcarbon monoxide ratio adjustment application (Burmaster and Carter, 1983). In 
1979, Monsanto commercialized its hollow fiber membrane module as the Prism separator. 
From 1979 to 1982 Prism separators were evaluated in several refinery hydrogen purification 
applications (Bollinger et al., 1982). The success of these pilot tests established the commer- 
cial viability of gas separation with membranes. The first large scale commercial C 0 2  mem- 
brane separation project was the installation of two membrane separation facilities at the 
Sacroc tertiary oil recovery project in West Texas in 1983. Up to 80 MMscfd of gas has been 
processed in these facilities (Parro, 1984). 

Since the early 1980s, membrane technology has advanced rapidly and continues to 
advance. In addition to cellulose acetate and polysulfone, the polymers used in making gas 
separation membranes include polyimides, polyamides, polyaramid, polydimethylsiloxane, 
silicon polycarbonate, neoprene, silicone rubber, and others. Today membranes can be 
designed to withstand a 2,000 psi pressure differential. Membranes used in hydrogen or car- 
bon dioxide applications operate at temperatures up to 200"F, while those used in solvent 
applications can operate at temperatures up to about 400°F (Baker, 1985). 

Improvements in manufacturing methods have resulted in improved membrane perfor- 
mance and economics. A flux increase of 5% and a separation factor increase of 20% have 
resulted from improved manufacturing methods (Hamaker, 1991), while during the mid- 
198Os, air separation membranes became from two to four times more efficient. Not only are 
the polymers rapidly changing, but capital costs are also coming down. Advances in mem- 
branes reduced the installed cost of a membrane plant by about 40% during the 1980s (Spill- 
man, 1989). Because of the rapid changes in technology and costs, economic studies and 
cost data become outdated soon after publication, and the reader should use caution in using 
cost data presented later in this chapter as technical advances are continuing to improve per- 
formance and reduce costs. 

The developmental and commercial successes of the early 1980s, and the perceived large 
market, attracted many companies into the field. As the technology matured and the market 
became extremely competitive, some companies dropped out and others changed ownership. 
Companies offering commercial scale membrane systems are listed in Table 15-1. The table 
also identifies the principal areas of application for each company's products. 

In the field of air separation, the improving economics of membrane-based processes have 
encouraged large industrial gas suppliers to join forces with membrane suppliers. This trend 
is pointed out by Prasad et al. (1994) who provide the following chronology: 

1985: Union Carbide Industrial Gases, Inc. and Albany International Membrane Venture 
form a joint venture. 

1986: Innovative Membrane Systems (formerly Albany International Membrane Venture) 
becomes a wholly owned subsidiary of Union Carbide Industrial Gases, Inc. (now Praxair, 
Inc.). 
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Table 15-1 
Commercial-Scale Membrane Suppliers 

Company 

A/G Technology (AVIR) 
Air Products (Permea) 
Asahi Glass (HISEP) 
Cynara (Dow) 
Dow (Generon) 
DuPont 
Grace Membrane Systems 
Hoescht Celanese (Separex) 
International Permeation 
Membrane Technology and Research 
Nippon Kokan K.K. 
Osaka Gas 
Oxygen Enrichment Co. 
Perma Pure 
Techmashexport (USSR) 
Teijin Ltd. 
Toyobo 
Ube Industries 
Union Carbide (Linde) 
UOPAJnion Carbide 
Note: 

Application 

X 
X 
X 

X 

X 
X 

X 
X 
X 

X 
X 

Air 

0 2  N2 

*Includes solvent vapor recovery, dehumidification, andor helium recovery membranes. 
Source: Spillman (1989) and Prasad (1994) 

Other* 

X 

X 
X 
X 
X 
X 

X 

X 

1988: British Oxygen Co. (BOC) and DowIGeneron Membrane Systems form a joint venture. 
1989: L'Air Liquide and DuPont form a joint venture. 
1990: Medal AL becomes a wholly owned subsidiary of L'Air Liquide, Inc. 
1991: Permea, Inc. becomes a wholly owned subsidiary of Air Products and Chemicals, Inc. 

The commercial application of membrane-based hydrogen processes also expanded rapid- 
ly because of the high permeability of selected membranes for hydrogen, the high value of 
pure hydrogen, and the wide range of hydrogen containing gas streams in refinery, petro- 
chemical, and industrial chemical operations. According to Koros and Heming (1993), the 
major suppliers of membrane systems for hydrogen applications are Permea, Medal, UOP, 
Ube, and Separex. In 1996, Medal reported that more than 60 of their hydrogen recovery 
systems were in operation or under construction (Medal, 1994). 



1242 Gas Purification 

PROCESS TECHNOLOGY 

Transport Mechanisms 

It is generally agreed that a solution-diffusion mechanism governs the transport of gases 
through all commercially important nonporous membranes. The mechanism involves the fol- 
lowing: (a) adsorption of the gas at one surface of the membrane, (b) solution of the gas into 
the membrane, (c) diffusion of the gas through the membrane, (d) release of the gas from 
solution at the opposite surface, and (e) desorption of the gas from the surface. Since these 
steps are not necessarily independent, the term permeation is used to describe the overall 
transport of gases through a membrane. 

In its simplest form, the solution-diffusion model considers only steps b, c, and d. This 
model is based on two assumptions: (1) the concentration of a component in a membrane at 
its surface is directly proportional to the partial pressure of the component in the gas phase 
adjacent to the surface, and (2) the rate at which a component passes through a membrane is 
proportional to the concentration gradient (concentratioddistance) in the membrane. These 
two assumptions represent Henry’s law and Fick’s first law of diffusion, respectively, and 
can be stated as follows: 

c .  I = k. A (Henry’s law) 

Ji = -Di(dci/dx) (Fick’s law) 

(15-1) 

( 15-2) 

Where: ci = local concentration of i in the membrane 
Ji = steady state flux of i 
ki = solubility coefficient 
pi = partial pressure of i in the gas 
Di = local diffusivity 
x = distance through active membrane 

Combining and integrating equations 15-1 and 15-2 over the full membrane thickness 
across the membrane, yields 

Ji = PiApj/l ( 15-3) 

Similarly, for a hollow tubular membrane, such as a hollow fiber, the steady state rate of 
gas permeation is (Stern, 1986) 

J i  = Pi(2ALApi/ln(RdRi)) (15-4) 

Where: Pi = kiDi, the permeability coefficient 
Api = pi(feed, - pi(peme, (the partial pressure difference across the membrane) 

R, = effective outer radius of the tube 
Ri = effective inner radius of the tube 
L = length of tube 

I = membrane thickness (x = 1) 
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Poly sulfone 
Cellulose Acetate 
Polyamide 
Dow Product 
PermeaProduct 
PDMS2) 

Any consistent set of units may be used in equations 15-1-15-4. Permeability coefficient 
data are often given in Barrers. One Barrer = 10-'0(cm3( STP])(cm)/(cm2)(sec)(mmHg). Since 
commercial membranes normally consist of a very thin active layer on a thicker porous sub 
strate, the effective thickness may not be accurately known, and it is more convenient to use 
the permeation rate, Pi/l, for the overall membrane, as a correlating factor. Typical engineer- 
ing units for the permeation rate are (scf)/(ft2)(hr)(lW psi). One (scf)/(ft2)(hr)(lW psi) = 1.55 
x lW5 (cm3)( STP])/(cm2)(sec)(cmHg). The units of flux, J, are (scQ/(ft2)(hr). 

The Henry's lawmick's law model previously described is a simplification of the actual 
permeation mechanism, and more complex models have been proposed. The dual system 
model, for example, is a more precise representation for many cases. It assumes that gas 
molecules which dissolve in the dense regions of the membrane surface follow Henry's law; 
while molecules that adsorb on the walls of microscopic cavities in the membrane surface 
follow Langmuir's adsorption isotherms. Equations based on the dual system model have 
been developed and presented by Lee et al. (1988). Additional discussions of transport 
mechanisms are provided by Lacey and Loeb (1972) and Stem (1986). 

Permeation rates for specific components and membranes are not constants. They vary 
with temperature, pressure, and the presence of other components in the gas. Detailed perme- 
ation rate data for commercial membranes are normally considered proprietary; however, 
some comparative data have been published. Table 15-2 lists typical permeation rate data for 
a number of membranes and gases. The cellulose acetate data are from Mazur and Chan 
(1982), and the other data are based on a paper by Tomlinson and Finn (1990). 

The permeation data given in Table 15-2 are relative values based on a permeation rate of 
1 .O for oxygen in cellulose acetate and polysulfone. However, data presented by Schell and 
Hoemschemeyer (1982) for the permeation rates of various gases in cellulose acetate indi- 
cate that actual values, expressed as (scf)/(ft*)(hr)( 100 psi), are close to the relative values 
listed in the table. For example, they show the permeation rate for oxygen, measured at room 
temperature and 100 psig, to actually be about 1.0 (scf)/(ft2)(hr)(100 psi), and the actual per- 
meation rates for other gases in cellulose acetate to be similar to those listed. 

13 0.2 1 0.22 6 
12 0.18 1 0.2 6 100 15 10 0.3 0.1 
9 0.05 0.5 0.05 

136 8 32 93 
22 0.4 2.3 0.4 9 

649 281 604 

Table 15-2 
Permeation Rates of Gases Through Membranes 

Relative Permeation Rate(') 

Membrane 0, CH, C02 H2O He H2S CO CzH6 



1244 Gas Purification 

Lee et al. (1995) evaluated available data on the permeability of gases in cellulose acetate 
to obtain values for use in designing systems for removing COz from natural gas. They con- 
cluded that the following would be reasonable values for computer simulation of the process: 

Permeability rate for C 0 2  = 9 x lW5 (cm3)( STP))/(cm2)(sec)(cmHg) 

Selectivity for C02/CH4 = 20 
Selectivity for N2/CH4 = 1 
Selectivity for (C2+)/CH4 = 0.4 

(or approximately 5.8 (scf)/(ft2)(hr)( 100 psi) 

Additional permeability data for cellulose acetate membranes are provided by Li et al. 
(1990), Donohue et al. (1989), and Ettouney et al. (1995). 

Gases with high permeability rates are often called “fast” gases. The data in Table 15-2 
indicate that low molecular weight and highly polar gases tend to be fast gases; while the 
slower gases are nonpolar and/or higher molecular weight. Detailed data on organic solvent 
permeation rates are given by Baker et al. (1986). 

The separation factor of a membrane, qj, is defined as: 

(15-5) 

and is an indication of a membrane’s ability to separate species i and j. A separation factor 
greater than 1 indicates that, at equal partial pressures, component i permeates through the 
membrane faster than j. Very high (or very low) separation factors result in easy separations. 
No separation is possible if aij = 1. 

Separation factors are influenced by membrane materials, feed composition, temperature, 
and pressure. Separation factors for various systems are presented in Table 15-3. Note that 
the separation factor for oxygen and nitrogen is considerably lower than those for other com- 
ponent pairs generally considered viable for commercial membrane separation. Oxygen and 
nitrogen are very similar in molecule size and solubility, which makes their separation via 

Table 15-3 
Separation Factors for Various Component Systems in Commercial Membranes 

Ranges of Separation Typical Separation Factors 
Component System Factors in Cellulose Acetate 

C02/CH4 10-50 25 

H&H4 45-200 45 
H2/CO 35-80 
H2M2 45-200 45 

He/CH4 60-100 60 

02m2 3-12 

H2S/CH4 40-60 50 

C02/C2H6 44-52 50 
Sources: Stookey et al. (1986) and Spillman et al. (1988) 
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membranes one of the more difficult processes. However, due to the abundance of “free” 
feedstock a high recovery is not required. 

The separation factors for solvent/air processes have a very wide range depending on the 
membrane material. For example, the separation factor for toluendnitrogen can be as low as 
40 for nitrile rubber or as high as 10,OOO for neoprene (Baker et al., 1986). 

Design and Operating Considerations 

The separation efficiency of a membrane for a given gas mixture will depend on the gas 
composition, the pressure difference between the feed and the permeate, and the separation 
factor for the two components at the specific operating conditions. The higher the separation 
factor, the greater the selectivity of the membrane and the higher the product purity. 

The gas composition and pressure differential become very important when the more per- 
meable gas in the feed has a low concentration. Since the partial pressure of the fast compo- 
nent on the permeate side cannot exceed its partial pressure on the feed side, high feed gas 
pressures and low permeate pressures are required to obtain efficient separations even with 
high separation factors. The differential pressure across the membrane relates directly to the 
membrane area required. Compression costs on the other hand are a function of pressure 
ratio. Therefore, operation at high pressure with a substantial pressure differential across the 
membrane but with a reasonably low pressure ratio, is economically advantageous where 
recompression of the permeate is required. 

The general effects of varying key operating factors, while holding other conditions con- 
stant, for a typical single-stage membrane permeation system, can be summarized as follows: 

1) Increasing the overall differential pressure across the membrane leads to an increase in per- 
meate flow rate and a decrease in the concentration of the fast gas in the permeate stream. 
The differential pressure at any point in a module can be affected by pressure drop in either 
the feed or permeate flow channels. If the permeate flow rate is sufficiently high it can gen- 
erate a back pressure that reduces the differential pressure and rate of permeation. 

2) Increasing the feed gas flow rate decreases the percent recovery of the fast gas as perme- 
ate and decreases the purity of the residue. However, increasing the feed rate increases the 
purity of the permeate and increases the percent recovery of the slow gas in the residue. 

3) Decreasing the feed gas flow rate below a critical value decreases the separation efficien- 
cy due to a boundary layer effect. The concentration of the fast gas is depleted in the feed 
gas adjacent to the membrane surface, reducing its partial pressure and therefore its rate of 
permeation. Since the rate of permeation of the slow gas is not affected (or is increased) 
this reduces permeate purity. The critical flow rate is determined by the degree of mixing 
at the membrane surface, and this is a function of gas velocity; gas properties such as vis- 
cosity, density, and diffusivity; and module design. 

4) Increasing the temperature raises most permeabilities by about 10 to 15% per 10°C and 
has little effect on separation factors (Schell and Hoemschemeyer, 1982). 

5) Increasing the membrane area increases the punty of the residue; while decreasing the 
membrane area increases the purity of the permeate. 

In hydrocarbon membrane systems, permeation of fast gases (e.g., H2 or C 0 2 )  increases 
the concentration of heavy components (e.g., C,+ hydrocarbons) in the remaining gas. The 
increased concentration of readily condensible components, as well as the decrease in tem- 
perature that frequently accompanies permeation, may cause the condensation of liquid 
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hydrocarbons within the membrane unit, interfering with its operation. Typical remedies for 
this problem are preheating the gas and removing heavy hydrocarbons from the gas ahead of 
the membrane unit. Even where membranes can physically tolerate the condensate, perfor- 
mance will normally suffer. The condensed liquid (usually made up primarily of slow per- 
meating components) can cover the membrane surface, forming an additional barrier to per- 
meation. Alternatively, the liquid may wet the membrane creating a gas leakage path, which 
can result in permeate contamination. 

Membrane life is an important factor affecting process economics. Membranes typically 
require replacement every three to seven years. It is therefore necessary to consider factors 
that may shorten or possibly extend their life. Funk et al. (1986) investigated the effect of 
impurities in the gas on a cellulose acetate membrane in acid gas service. They found that 
various components in the gas affect the permeability, the tensile strength, and the elastic 
modulus of the membrane. Some of the adverse effects of individual components can be mit- 
igated by proper design (e.g.. temperature control), but other impurities may require removal 
prior to membrane processing. Therefore, the feed gas should be evaluated for the presence 
of particulates, entrained liquids, oil mist (compressors), condensible components, all trace 
compounds, and water. Pretreatment systems that may be needed include: 

1) A high efficiency separator to remove particles and oil mist 
2) A liquid knock-out drum to remove liquid hydrocarbons and water 
3) Preheat or reheat steps to raise the gas temperature sufficiently above its water and hydro- 

4) Component removal steps to eliminate compounds, such as solvents, BTX, or ammonia, 
carbon dew point to prevent condensation in the module 

that may cause membrane deterioration 

The design of pretreatment equipment must also account for both normal operating and upset 
conditions. 

Since many of the process variables are highly interdependent, the overall design of mem- 
brane systems requires consideration of all requirements and conditions. This is illustrated in 
Figure 15-1, which shows the effects of percent hydrogen in the permeate, percent hydrogen 
recovery, and permeate pressure on the relative costs of recovering hydrogen in a typical 
application. These three factors, as well as others, must be evaluated to optimize overall eco- 
nomics for each specific case. Most membrane system suppliers have computer programs to 
optimize the system design (Poffenbarger and Gastinne, 1989; Spillman, 1989; MacLean et 
al., 1983). 

Membrane and Module Configurations 

The key requirements for a membrane to be used in an economical gas purification or sep- 
aration process are: 

1) High permeability for the component to be removed 
2) High selectivity for the component to be removed in relation to other components 
3) High membrane stability in the presence of all gas components which will come into con- 

4) Uniformity--freedom from pinholes or other defects 
tact with the membrane 
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Figure 15-1. Effects of hydrogen permeate purity, permeate pressure, and percent 
hydrogen recovery on relative cost of hydrogen recovery from a 75% HZ, 815 psia 
refinery gas stream. (Heyd, 1986) 

5) Low effective thickness of the active portion of the membrane to ensure a high permeation 

6) Physical strength to withstand the required operating conditions 
rate 

Items 1 through 3 are related primarily to the polymers used in fabricating the membrane; 
while items 4 through 6 relate to the fabrication method. A key breakthrough in the develop- 
ment of fabrication methods was provided by Loeb and Sourirajan (1960). They developed a 
technique for casting asymmetric cellulose acetate membranes with a uniform, very thin 
(0.1-1 .O micron) skin on a strong porous substrate (100-200 microns thick). Since this origi- 
nal work, which was actually aimed at the development of reverse osmosis membranes, the 
basic approach has been applied to a variety of polymeric materials and to sheet and hollow 
fiber configurations for use in both gas and liquid phase operations. 

Development work has also investigated alternative asymmetric membrane systems, 
including (a) an ultra thin nonporous film laminated to a much thicker microporous backing 
(which may be a different material) and (b) a very thin nonporous film applied as a coating 
to a thicker microporous substrate (Stem, 1986). A complex membrane structure reportedly 
used in the Monsanto Prism separator is a "skinned" asymmetric hollow fiber of polysulfone 
coated with a thin film of silicone rubber (about 1 micron thick). The polysulfone skin (about 
0.1 micron thick) is the active separator, while the silicone rubber serves to seal any defects 
in the base membrane without affecting the intrinsic permeability of the membrane (Koros 
and Chem, 1987). 

Koros and Fleming (1993) present a comprehensive review of membrane-based gas sepa- 
ration with emphasis on membrane materials, formation techniques, and module designs. 
The most popular module configurations are the hollow fiber and spiral-wound designs due 
to their high packing density. 
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Spiral- Wound Configuration 

In the spiral-wound configuration an envelope is formed with two membrane sheets sepa- 
rated by a porous support material. Typically the module consists of several such envelopes. 
The material between the membranes (permeate channel spacer) supports them against the 
operating pressure and defines the permeate flow channel. The envelope is sealed on three 
sides. The fourth side is sealed to a perforated permeate collection tube, and the envelope is 
wrapped around the collection tube with a net-like spacer sheet that has two functions: 

1) It keeps adjacent membranes apart to form a feed channel. 
2) It promotes turbulence of the feed gas mixture as it passes through the module, thus 

reducing concentration polarization. 

During operation, the feed gas mixture enters one face of the module, travels axially along 
the feed channel spacer and membrane surface, and exits the other face as a residue or reten- 
tate. The more permeable gases pass through the membranes and travel in a spiral path 
inward within the envelope through the permeate channel spacer until they reach the perfo- 
rated collection tube and finally exit as permeate (Figure 15-2). The feed channel spacer is a 
key feature of the spiral-wound module and, as shown by Da Costa et al. (1991, 1994), its 
design significantly affects module performance. Typically the modules have about 1 ,OOO 
square feet of surface per cubic foot of volume and are 4-12 inches in diameter by 3 6 4 2  
inches long. Up to six modules may be housed in a single pressure vessel shell. 

Hollow Fiber Configuration 

The hollow fiber configuration consists of thousands of hollow fibers packaged in bun- 
dles mounted in a pressure vessel resembling a shell and tube heat exchanger. For high 
pressure applications the fiber diameter is usually on the order of 100 pm ID and 150-200 
pm OD. The bundles are capped on one end and have an open tube sheet on the other end 
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Figure 15-2. Diagram of a spiral-wound membrane permeation element. (Courtesy of 
Membrane Technology and Research, Inc.) 
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(Figure 15-3). The bundles typically have 3,000 square feet of membrane surface per cubic 
foot of module volume and the module dimensions range from 4-12 in. in diameter by 4-20 
ft long. The feed gas is introduced on the shell side because hollow fibers are much stronger 
under compression than expansion. The faster permeating gases migrate into the fiber bore 
and exit via the open end of the bundle. For low pressure applications the fibers have a diam- 
eter greater than 400 pm and the feed gas enters the bore side while the permeate exits via 
the shell side. This configuration reduces pressure drop on the feed side. 

Not all membrane materials can be made into a thin selective layer on a porous substrate 
in a hollow fiber form. Consequently, spiral-wound membranes, which can be made from a 
wider range of materials, usually have higher permeation rates. However, this is offset by the 
much higher packing density of hollow fiber modules, resulting in similar overall productivi- 
ty per unit module volume for the two configurations. This situation could change if devel- 
opments in polymer science lead to more effective thin films in a hollow fiber form. 

Numerous mechanical designs of modules have been developed for both the spiral-wound 
and hollow-fiber concepts. The various designs are aimed at optimizing such features as: 
membrane area per unit volume, gas flow distribution and pressure drop, seals and fasten- 
ings, and assembly technology. With either spiral-wound or hollow-fiber systems, large 

Figure 15-3. Diagram of a hollow-fiber membrane permeation element. (Courtesy of 
Permea) 
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commercial installations normally require a large number of individual modules. This is evi- 
dent in Figure 15-4, which shows a UOP Advanced Membrane System for removing carbon 
dioxide from natural gas. 

A third module design-plate and frame-utilizes a stack of disk shaped membranes sepa- 
rated by sheets of porous filter paper and membrane support plates. The flow pattern is very 
much like that of a plate and frame filter. This design is not competitive for large commer- 
cial applications because of the relatively small membrane area per unit volume attainable. 
However, plate and frame designs are used for producing oxygen enriched air in small med- 
ical applications. 

Flow Arrangements 

To obtain the specified flowrates and purities, the optimum arrangement of the modules 
needs to be determined. Series flow, Figure 15-5, provides for high recoveries for a given 
feed rate. The permeate purity varies from module to module, which makes it possible to 
produce multiple permeate products. The substantial velocity changes that occur when large 
portions of the feed are recovered as permeate can be accommodated by using successively 
smaller elements. The series flow arrangement has a slightly higher pressure drop between 
the feed and the residue than a parallel flow arrangement. 

Parallel flow, Figure 15-6, allows for higher feed rates for the same recovery. Turn down 
is accomplished by taking elements out of service. In designing parallel flow systems, partic- 
ular care must be paid to the gas distribution systems. Non-uniform gas flow to the elements 

h 

Figure 15-4. Large commercial installation of UOP Advanced Membrane System for 
removing carbon dioxide from natural gas. (Courtesy of UOfJ 
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Figure 15-5. Series flow configuration. 
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Figure 15-6. Parallel flow configuration. 

can result in declines in product purity and recovery. High recovery in one element can cause 
liquid formation. 

The combined series-parallel flow sequence, Figure 15-7, provides for good turndown 
ratios while accommodating high feed rates with low residue flow rates. A reduction in the 
number of modules in parallel accommodates the reduction in flow as permeate is removed. 

As stated earlier, separation by membrane permeation is not an absolute separation. Each 
species has a finite permeability through the membrane and the enrichment is achieved due 
to relative permeabilities, not zero permeability for one of the species. As higher purities are 
approached, recovery of product declines rapidly and single-stage systems become increas- 
ingly inefficient. Therefore, single-stage processes frequently are applicable to bulk removal 
of a species or the concentration of feeds to other purification processes. 
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Figure 15-7. Combined series-parallel flow configuration. 

As an alternative, multi-stage membrane systems with recompression arrangements may 
be employed. Multi-stage arrangements, Figure 15-8, work well when high permeate purity 
or improved recovery rates are required. Additional multi-stage arrangements are described 
by Spillman et al. (1988). 

Simulation and Design Calculations 

In considering membranes for various applications, the engineer must have a means of 
estimating the performance of a membrane system. The fundamental laws of diffusion dis- 
cussed earlier in this chapter under ‘Transport Mechanisms” apply. Mathematical solutions 
for compositions of residue and permeate streams have been developed for two components 
and are described in the literature (e.g., Lacey and Loeb, 1979). For three or more compo- 

Figure 15-8. Multi-stage flow configuration. 
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nents a strict mathematical solution to the differential equations has not been found. Howev- 
er, a numerical solution is possible, and with the prevalence of computers, this approach is 
not only practical but widely used. 

The basic equation defining the rate of flow of a component through a membrane is equa- 
tion 15-3 which can be written in the form: 

Where: Ji = steady state flux of i, moles/(time)(area) = Mi/A 
Mi = flow rate of i through a given area, moledtime 

p, = partial pressure of i in the gas 
A = area 
k, = solubility coefficient fori 
D, = local diffusivity fori 

1 = membrane thickness 
PI = permeability coefficient fori 

Any consistent set of units may be used. Gas volume (e.g., scf) is often used instead of 
moles. 

The partial pressure of each individual component changes as the separation is carried out 
because different components are being removed from the feed (high pressure) side at differ- 
ent rates. Because the partial pressure of individual components is a function of position 
along the membrane surface, mathematical integration of equation 15-6 over the entire 
length of a membrane surface is an interesting exercise for two components, but not practical 
for three or more components. 

Commercial membranes today are asymmetric membranes. This means that the active 
membrane surface is only a very thin layer on top of a porous substrate. Components which 
permeate the membrane must travel out of the porous membrane substrate before entering 
the bulk permeate stream. Therefore, the effective partial pressure and mole fraction on the 
permeate side of the active membrane surface are only a function of the material passing 
through the membrane, not a function of the bulk permeate stream. 

A computer simulation of the process can be made by considering small incremental areas 
of the membrane individually. A permeation analysis and a material balance are performed 
on the first incremental area. The residue gas from this area is treated as the feed to the next 
area and the operation is repeated. The analysis continues, adding areas until the residue gas 
meets the product purity requirement or other process requirements are attained. 

If the assumed areas are small enough, the feed and residue gas compositions for each AA 
are similar enough that the driving force for permeation can be based on the composition of 
the feed rather than on an average of the feed and residue compositions. The permeate com- 
position for each incremental area must take into account the permeation rates of all compo- 
nents, but is not affected by permeate from the other areas. 

Figure 15-9 is a simple diagram showing gas flows adjacent to and through an increment 
of area, AA. The computer simulation is based on this diagram and the following equations: 

For a small increment of membrane area, equation 15-6 becomes 
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Figure 15-9. Diagram of gas flow pattern at small increment of membrane area for 
computer simulation model. 

Substituting for partial pressures: 

M i  = Ri (Yi,feed nfced - Yi, perm nperrn)AA 

The mole fraction of any component, i, in the permeate is 

Similarly, the mole fraction of component i in the residue from increment area AA is 

(15-8) 

(15-9) 

Yi,residue = N2iEN21 

Combining equations 15-8 and 15-9 yields 

M i  = [;+AA Yi,fced nfeed 

1 R i U  Kpem 

EMi 

This is the key equation in the computer simulation program. Other important equations 
define the increase in bulk permeate and decrease in residue gas flow at each AA: 

( 15- 10) 

(15-11) 

0 2 , i  = 0 l . i  + Mi ( 1  5-12) 



Membrane Permeation Processes 1255 

In equations 15-7 through 15-13, 

AA = incremental area 
Mi = flow of component i through AA, moles/time 

ZMi = flow of all components through AA 
N, = flow of feed gas to AA 
N2 = flow of residue gas from AA 
O1 = bulk flow of permeate from prior AA’s 
O2 = bulk flow of permeate after AA 
Ri = permeability rate for i, moles/(time)(area)(partial pressure differential) 
yi = mole fraction i in gas 
R = total pressure 

The permeation rate for each component i must be known, and the total feed pressure and 
permeate pressure must also be known. 

A reasonable I;Mi is assumed for the first increment of area, AA. It is then corrected by 
subsequent iterations, until a solution is found where Mi calculated for each component 
equals (within the specified tolerance) the Mi used in the previous iteration. The sum of all 
Mi from each iteration is also used for the calculation of the new EMi. At the first increment 
of membrane area, yi.fd is simply the mole fraction of component i in the feed. 

After the solution for Mi for each component has converged, the residue gas molar flow, 
N2,i, for each component is calculated by subtracting Mi, the permeate flow, from the feed 
flow N,,i. This residue flow then becomes the feed flow to the next small increment of mem- 
brane area. 

The procedure is repeated until the desired product specifications are met. After each 
increment of area is calculated, the permeate flow for each component, Ol,i, is increased by 
the permeate flow for that incremental area, Mi. Similarly, at each increment of area, the 
residue gas for each component, NI, is reduced by the permeate flow passing through that 
increment of area, Mi. The sum of all N 2 , i ’ ~  from the final increment of membrane area is the 
residue gas for the system. Each increment of area is also accumulated so that the total area 
required is known as well as the gas compositions and quantities of the residue and permeate 
streams. 

A simplified flow sheet for the required calculations is shown in Figure 15-10. 
Table 15-4 summarizes computer output from a program using the calculation logic out- 

lined in Figure 15-10. The data are from a computer simulation of a spiral-wound cellulose 
acetate membrane unit recovering COz from 7.4 MMscfd (812 moYhr) of a high C 0 2  content 
gas, rich in hydrocarbons, as might be found in a CO, flood enhanced oil recovery (EOR) 
project. input to the program consisted of the feed composition, flow rate, pressure, and tem- 
perature; the permeate pressure; and the specification that the residue gas contain 40 vol% 

In addition to the flow rates and compositions of the residue gas and permeate, the output 
indicates the approximate membrane surface area required, and the number of increments of 
membrane area used for the calculation. At 1,OOO sq ft of membrane surface ardcubic  foot 
of membrane module volume, approximately 13.1 cu ft of membrane module volume is 
required. A membrane module 8 in. in diameter and 36 in. long occupies approximately 1 cu 
ft and contains approximately 1,OOO sq ft of membrane surface area. Therefore, the simula- 
tion indicates that 13 modules (8 in. d i m  x 36 in.) are required for the separation. 

coz. 
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Figure 15-10. Calculation flowsheet for computer simulation of membrane permeation. 
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Table 15-4 
Computer Simulation of COP Recovery Using a Single-Stage, Spiral-Wound 

Cellulose Acetate Membrane Unit 

Feed Residue Permeate 
MOW MOL MOL/ MOL MOL/ MOL 

Component HR FRAC. HR FRAC. HR FRAC. 

Carbon dioxide 
Nitrogen 
Methane 
Ethane 
Hydrogen sulfide 
Propane 
Isobutane 
Butane 
Isopentane 
Pentane 
Hexane 
Heptane 

TOTAL 

735.58 
1.32 

40.24 
11.74 

. I O  
12.41 
2.28 
4.71 
1.41 
1.34 
.46 
.4 1 

8 12.00 

,905887 
.001626 
,049557 
,014458 
.000123 
,015283 
.002808 
,005800 
.001736 
.001650 
.OOO567 
.O00505 

Area = 13,110.9 Square feet, 12- ... crements used 

44.29 ,399763 
1.12 ,010074 

33.17 ,299400 
10.65 ,096103 
.00 ,000006 

11.63 .I04938 
2.14 .019279 
4.41 ,039827 
1.32 ,011923 
1.26 ,011331 
.43 .003890 
.38 003467 

110.78 

69 1.29 
.20 

7.07 
1.09 
. I O  
.78 
.14 
.30 
.09 
.08 
.03 
.03 

701.22 

,985849 
.OOO291 
,010084 
,001 559 
.OOO142 
,001 119 
.o00206 
.OOO425 
.o00127 
.o00121 
. m 1  
.oooo37 

Note: 
Operating Conditions: Feed at 500.0 psia, 140.0 degrees F, permeate 100.0 psia. 
Source: Schendel(l995) 

The permeation rate, Ri, is not necessarily a constant. For example, it is known to vary 
with temperature and pressure, and corrections for these factors are readily included in the 
calculations. Because changes in composition from increment to increment are normally 
small, even component interference effects can be included in the calculations if required. 

Gas composition effects can be significant. The concentration of carbon dioxide in natural 
gas, for example, can affect its rate of permeation (per unit of partial pressure differential). 
Data provided by Hogsett and Mazur (1983) indicate that increasing the C 0 2  concentration 
from 15 to 50% in 200 psia natural gas increases the C 0 2  permeation rate from about 4.0 to 
5.0 (scf)/(ft2)(hr)( 100 psi) with GASEP membranes. 

Hogsett and Mazur (1983) also suggest a simplified approach for estimating the approxi- 
mate membrane area required for a multicomponent system. The approach avoids the need to 
use a computer simulation model, but is reportedly accurate to only about * 20% of the actu- 
al required area. The method is based on the following steps: 

1) Sort all components into two groups (fast and slow permeators), with the fast permeators 

2) Calculate weighted average permeation rates for the two groups. 
3) Use equations developed for two-component systems to calculate the membrane area 

typically having permeation rates 15 times those of the slow permeators. 

required to meet fast permeator removal requirements. 
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The required two-component equations and details of the calculation procedure are given by 
Hogsett and Mazur (1983). 

Ettouney et al. (1995) compared two-component and four-component models for the 
analysis of natural gas well enrichment. In the flow system evaluated, gas from the well is 
recycled through a permeation unit and back to the well. Removal of a C02 and H2S-rich 
permeate results in an increase in purity of the well contents with time. Results of the study 
showed that proper design of this system requires that the models take into consideration 
flow patterns, the presence of more than one species, and permeability rate functions that 
include the effects of both composition and pressure. The use of a simplified two-component 
model with constant permeabilities gave large deviations from the more detailed models. 

Fields of Application 

Membrane systems are now available that are economically attractive for many applica- 
tions, and the fields of application are growing steadily. The main current commercial appli- 
cations of membrane-based gas purification and separation are: 

1) Hydrogen recovery from nitrogen-bearing gases, e.g., ammonia synthesis purge gas 
2) Hydrogen removal and recovery from hydrocarbons (e.g., methane) and other slower per- 

3) Removal of carbon dioxide, hydrogen sulfide, and water vapor from methane and other 

4) Oxygen or nitrogen separation from air (e.g., producing nitrogen for inert blanketing) 
5) Helium removal and recovery from natural gas 
6) Solvent vapor removal from exhaust gases 

meating gases (e.g., carbon monoxide) 

hydrocarbon gases (e.g., upgrading natural gas to meet pipeline specifications) 

The small molecular size of hydrogen and helium allow them to diffuse rapidly through 
membranes. Therefore, these elements are readily separable from larger molecule gases such 
as methane and heavier hydrocarbons. The acid gases, carbon dioxide and hydrogen sulfide, 
and water have larger molecules and diffuse more slowly than hydrogen or helium. Howev- 
er, they are much more soluble in polymers used for the manufacture of membranes. Since 
permeability is the product of solubility and diffusivity, highly soluble gases can have per- 
meation rates comparable to those of lighter gases; while gases such as methane, which has 
both a relatively large molecule and low solubility, have low permeation rates. 

The separation of oxygen and nitrogen is difficult because the size and shape (and hence 
the diffusivity) of the molecules are quite similar. In addition, the solubility and diffusivity 
of the faster gas (oxygen) are generally quite low, resulting in a low rate of permeation and 
the requirement for a large membrane area. However, because of the industrial importance of 
this separation and the scarcity of simple alternatives, it has been the subject of extensive 
research and development work. In addition, the feedstock is “free.” Therefore, high recov- 
ery is not a requirement for this separation. Low recovery operation can be used to improve 
the separation efficiency (i.e., the permeate purity). 

Organic solvents typically exhibit low diffusivity rates but very high solubilities in appro- 
priate membranes. As a result, satisfactory permeation rates can be obtained relative to the 
other components in exhaust gases. The partial pressure differential can be improved by 
operating the permeate side under vacuum. This is normally more economical than com- 
pressing large volumes of atmospheric pressure exhaust air. However, the process is not 
effective in the extremely low partial pressure range required for removing traces of organic 
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solvents from air, and is used primarily for the bulk removal of solvents from relatively con- 
centrated exhaust air streams. 

APPLICATION CASE STUDIES 

Hydrogen 

Ammonia Synthesis purse 

Ammonia is produced by reacting hydrogen with nitrogen over a catalyst. The hydrogen is 
usually produced in a steam-methane reformer (SMR) and the nitrogen comes from the air 
supplied to a secondary reformer. Not all the methane (natural gas) is converted to hydrogen 
in the SMR nor is the conversion of nitrogen and hydrogen to ammonia complete in the syn- 
thesis reactor. The reactor product gases, after removal of the ammonia, are recycled back to 
the reactor feed to improve yields. Inert gases, such as argon from the air and methane, build 
up in this closed loop and reduce the nitrogen-hydrogen reaction rate. Therefore, a continu- 
ous gas purge to the fuel gas system is maintained to keep these inerts at a manageable level. 
However, this purge gas contains valuable hydrogen. Currently many ammonia plants recov- 
er hydrogen from the purge stream. This is a popular application for membranes because of 
the high permeation rate of hydrogen and the high pressure of the purge gas. 

Shirley and Borzik (1982) reported on the installation of a hydrogen recovery membrane 
system in a 1,OOO ton per day ammonia plant that resulted in a 5% overall capacity increase. 
MacLean et al. (1988) reported the installation of a membrane unit in a 600 ton per day 
ammonia plant. The unit provided an 89% hydrogen stream with an 86% hydrogen recovery, 
representing a 4% ammonia plant capacity increase. 

A comparison of membrane separation versus cryogenic separation in a typical large 
ammonia plant was made by Schendel et al. (1983). For the case study described in this 
paper, the operating conditions were modified to increase the methane content at the 
entrance to the synthesis loop to about double that allowed without hydrogen recovery. The 
pertinent process variables for the 15 MMscfd feed stream are summarized in Table 15-5. 
To prevent densification of the membrane or formation of an insoluble pha.e in the cryo- 
genic system, the ammonia in the feed to both systems is reduced to very low levels in a 
water scrubber. To prevent formation of a solid phase in the cryogenic unit, molecular sieves 
are used to remove the water picked up in the scrubber. 

The inerts concentration in the synthesis loop is held constant. Since the cryogenic system 
produces a slightly purer recycle hydrogen stream, the purge rate required to hold the inerts 
at a fixed level is less in this system. Hydrogen permeates through the membrane and is 
recovered as a low pressure product. The recompression requirements of the membrane sys- 
tem are, therefore, considerably greater than those of the cryogenic unit. To reduce the 
recompression costs, the membrane unit is operated in two stages. 

The utility requirements are also presented in Table 15-5. The external power requirement 
for the compressor horsepower is that required to integrate the recovery unit into the total 
plant. The primary advantage of the cryogenic unit is the lower recycle recompression 
requirements. The higher on-skid electrical costs for the cryogenic unit reflects the use of the 
molecular sieve to dry the feed stream to the recovery unit. The cryogenic unit also requires 
a small purge stream of nitrogen. 

The estimated capital equipment costs are virtually identical, approximately $1.35 million 
(1983 dollars). The membrane unit consists of two skids, while the cryogenic unit requires 
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Table 15-5 
Comparison of Membrane and Cryogenic Separation Units for Hydrogen 

Recwery in an Ammonia Plant 

Cryogenic 
Membrane Type, 

Monsanto PRISM s-2Ooo 
Type, Petrocarbon 

Feed Composition, mole% 
H2 60.8 60.8 
N2 20.0 20.0 
CH4 12.1 12.2 
Ar 3.2 3.1 
NH3 3.9 3.9 

Feed Gas Quantity, Ib moledhr 1,767 1,503 
Pressure at Separator Inlet, psig 1,973 1 ,Ooo 
Hydrogen Recovery, % 95.7 94.6 
Hydrogen Purity, mole% 87.8 92.5 
Ammonia Recovery, % 99.8 98.7 
Recycle Product to High Stage Compressor, % 49.8 100 
Recycle Product to Low Stage Compressor, % 50.2 - 
Electricity, kWhh 30 80 
Cooling water, gpm 200 225 
Steam (600 psig), I b s h  1,910 1,760 
Nitrogen, scfh Startup only 180 
Instrument air, scfh 2,100 1,800 
Turbine condensate, gpm 12 Minor make-up 

Source: Schendel et al. (1983) 

External power differential, kWhh 470 - 

four. When installation and maintenance costs are factored in, the two processes are consid- 
ered to be competitive. 

Oxo-alcohol Synthesis Gas 

In the production of oxo-alcohols, carbon monoxide is reacted with hydrogen at a one-to- 
one ratio to form an aldehyde. The aldehyde is then reacted with pure hydrogen to form the 
desired oxo-alcohol product. The hydrogen and carbon monoxide synthesis gas is made by 
steam reforming of natural gas or by partial oxidation of hydrocarbons. The raw synthesis 
gas has a hydrogen to carbon monoxide ratio range of 3: 1 to 2: 1. Before the synthesis gas 
can be used, the ratio of hydrogen to carbon monoxide must be adjusted. Cryogenics, molec- 
ular-sieves, pressure swing adsorption (PSA), and membranes are used to make the ratio 
adjustment. The following case histories indicate how membranes have been used to 
increase capacity and/or efficiency in achieving the correct ratio of hydrogedcarbon monox- 
ide for synthesis. 
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MacLean and Graham (1980) reported on a membrane system used to debottleneck Mon- 
santo’s Texas City plant where the cold box did not have enough capacity to supply carbon 
monoxide feedstock for acetic acid production. The cold box had three product streams, a 
pure carbon monoxide stream for acetic acid, a 1.3: 1 hydrogedcarbon monoxide stream for 
oxo-alcohols, and a hydrogen stream for methanol. The solution was to install a membrane 
separation system in parallel with the cold box. The 3.1:l HJCO feed was split between the 
membrane unit and the cold box. The cold box was then operated to produce hydrogen and 
the pure carbon monoxide required for acetic acid production. The membrane unit produced 
the 1.3: 1 H2/C0 ratio stream required for oxo-alcohol production while recovering 93% of 
the carbon monoxide. The permeate stream, consisting of 96% pure hydrogen, war fed to the 
methanol plant. As an indication of membrane aging, the separation efficiency declined less 
than 10% during the first three years of operation. 

A membrane unit was also installed on the Texas City methanol plant purge gas stream 
(Burmaster and Carter, 1983). The membrane unit recovered about one half of the hydrogen 
and carbon dioxide that was previously sent to the fuel gas system. The methanol plant 
capacity was increased by 2.6%, and except for compressor limitations, could have been 
increased by 3.9%. 

The integration of a membrane system with pressure swing adsorption (PSA) at an alde- 
hyde synthesis plant was studied by Doshi et al. (1989). Synthesis gas ratio adjustment 
using PSA alone produces high purity hydrogen as well as the proper syngas ratio. Howev- 
er, the drawback of the system is the relatively expensive tail gas compression that is 
required. PSA tail gas is produced at low pressure and requires a large compressor to boost 
the pressure to the aldehyde synthesis pressure. The use of a membrane system alone will 
produce syngas at the proper hydrogenlcarbon monoxide ratio, but the purity of the hydro- 
gen permeate stream is low. The syngas produced is at approximately the same pressure as 
the feed gas and can be used for aldehyde synthesis without additional compression. The 
hydrogen permeate stream generally has to be upgraded, which usually results in the loss of 
carbon monoxide from the system. 

An integrated system that uses both membranes and PSA on the product gas from a partial 
oxidation (POX) unit, minimizes the drawbacks of either system when it is used alone. In the 
integrated system, Figure 15-11, the feed gas enters the membrane unit where the residue 
stream, enriched in carbon monoxide, is produced at approximately feed pressure. The lower 
pressure hydrogen permeate stream is fed to a PSA unit where the carbon monoxide is 
adsorbed and a high purity hydrogen stream is produced. The low-volume, CO-rich PSA 
tailgas stream is compressed and combined with the residue stream from the membrane unit. 
The study shows the integrated system to have lower capital and operating costs than either 
of the individual systems and to provide 100% recovery of hydrogen and carbon monoxide. 
An economic comparison of a stand-alone PSA and an integrated membrane-PSA system is 
presented in Table 15-6. 

Catalytic Reforming 

Catalytic reforming is a process in which hydrocarbon molecules are structurally rearranged 
to higher octane forms. The reforming process is a net producer of hydrogen that, if recovered, 
can be used in hydroprocessing. The following case history of a demonstration membrane sys- 
tem for the recovery of hydrogen from a catalytic reformer unit (CRU) off-gas was described 
by Yamashiro et al. (1985). 
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Figure 15-1 1. Integrated membrane plus PSA system in a natural gas partial oxidation 
(POX) plant. (Doshi eta/., 1984) 

Table 15-6 
Comparative Economics of PSA Alone vs. a Membrane/PSA Integrated System 

for Producing Hydrogen and Aldehyde Syngas 
~~~ ~~ 

Basis: 
Raw Feed Rate, MMscfd 
Synthesis Gas Rate, MMscfd 
Hydrogen Product Rate, MMscfd 
Raw H2/C0 Gas Pressure, psig 
Aldehyde Reaction Pressure, psig 
Hydrogen Use Pressure, psig 

~~ 

20.0 
14.4 
5.6 
420 
400 
150 

COMPOSITIONS, RAW GAS H2 SYN. 
MOL-% HZ/CO PRODUCT GAS 

63.4 
35.4 
0.4 
0.8 

trace 
Sat'd 

99.999 49.1 

trace 0.6 
trace 1.2 
trace trace 
Dry Sat'd 

10 PPm 49.1 

MEMBRANE 
PSA ONLY + PSA 

Compression Required, BHP 1080 415 
Separation Equipment Cost, $MM US 
Installation Cost, $MM US 
Installed Compressor Cost, $MM US 
Compressor Operating Cost, $MM US 

(3 yr-8OOO hr/yr-S@/kWh) 

1.425 1.375 
0.175 0.225 
0.864 0.332 

0.966 0.37 1 
Total CaDital Cost + 3 yrs Omration, ($MM US) 3.430 2.303 
Source: Doshi et al. (1989) 
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The 850 Mscfd unit was installed in the No. 2 Reformer at the Cosmo Oil Refinery in 
Chiba, Japan. The process flow for the unit is shown in Figure 15-12. The reformer effluent 
is cooled, the liquid and gas separated, and the gas fed to an absorber to remove the heavy 
components. Gas from the absorber, containing approximately 80% hydrogen and 20% 
methane and saturated with absorption oil components at a dew point of 95°F and a pressure 
of 398 psia, is fed to a filter separator to remove any residual liquids. It is then preheated to a 
temperature above the hydrocarbon dew point of the residual gas leaving the membrane unit 
and fed to the membrane separator. Heating the gas prevents condensation of the heavy 
hydrocarbons as the gas dew point increases with hydrogen removal, 

The 97% hydrogen permeate gas is of sufficient purity and pressure that it can be fed 
directly into the 256 psia hydrogen supply system. Typical operating conditions are provided 
in Table 15-7. The unit was operated at a low pressure ratio to deliver hydrogen to the refin- 
ery hydrogen supply system without recompression. This low pressure ratio resulted in a low 
hydrogen recovery of about 30%. 

During startup, the temperature of the feed was vaned from 104" to 180°F. At higher tem- 
peratures the gas permeation rate increased by more than a factor of two. A corresponding 
decrease of membrane selectivity was also noted, but was not great enough to alter the sys- 
tem performance significantly. The permeate gas pressure was also varied while maintaining 
constant feed pressure. It was shown that membrane selectivity and hydrogen permeation 
rate are independent of differential pressure and pressure ratio for the range of conditions 
studied (Schell and Houston, 1985). 

BMmmUrnbma -- -I .rm Absorbs 

Figure 15-12. Flow diagram of reformer system with membrane hydrogen recovery 
unit on offgas ( Yamashim et a/., 1985). Reproduced with permission from Hydrocarbon 
Recessing, Februaty 1985 
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Table 15-7 
Operating Conditions for Catalytic Reformer Offgas 

Hydrogen Recovery Membrane System 

Feed Permeate Residue 

Flow, Mscfd 850 
Composition, ~ 0 1 % :  
HZ 80 97 74 
CH4 20 3 26 

Dew Point,"F 95 
Inlet Pressure, psig 3 80 260 
Inlet Temperature,"F 140 
Hydrogen Recovery, % 30 

Source: Yamashiro et al., 1985 

Another example of membranes being used for the recovery of hydrogen from a CRU was 
reported by Lane (1983). The unit feed was the offgas from a CRU that formerly went to a 
hydrogen plant. The feed gas flow rate was nominally 4 MMscfd, but varied from 2 to 10 
MMscfd. The membrane unit typically produced 98% hydrogen at 250 psig with 36% recov- 
ery. The system operated over full CRU cycles, from start-of-run to end-of-run, which 
caused the hydrogen content of the feed to range from 62 to 87%. The membrane unit per- 
cent hydrogen recovery and product hydrogen punty remained relatively constant. 

To lessen scaleup risks, the smallest commercial-size membrane units were installed even 
though they were undersized for the flow. This resulted in the low 36% hydrogen recovery. 
The predicted recovery for the proper size membrane system is 93% with a hydrogen punty 
of 94%. 

Hydroprocessing 

Hydrotreating, hydrodesulfurization, and hydrocracking are operations in which hydrogen 
is used to saturate the olefins in a hydrocarbon stream; remove objectionable elements such 
as sulfur, nitrogen, oxygen, halides, and trace metals; and crack larger hydrocarbon mole- 
cules into smaller ones. In these processes, fresh hydrogen is fed to the reactor, and uncon- 
sumed hydrogen is separated from the reactor effluent and recycled back to the reactor. A 
portion of the recycled hydrogen is often purged from the system to prevent the build up of 
light hydrocarbons and inerts that would lower the hydrogen partial pressure in the reactor. 

Hydrotreating. At Conoco's Ponca City Oklahoma refinery, a 71 mole % hydrogen high- 
pressure purge gas stream from a gas-oil hydrotreater was split to feed the light-cycle oil 
hydrodesulfurizer and the cryogenic liquified petroleum gas (LPG) recovery unit. The purge 
stream was used on a once-through basis in both units and then discharged to the fuel gas 
system. The installation of a membrane-based hydrogen recovery unit to produce high purity 
hydrogen from this purge stream was described by Shaver et al. (1991). A schematic of the 
system is presented in Figure 15-13. The membrane unit is designed to produce 7 MMscfd 
of 95 mole % hydrogen from the 12 MMscfd hydrotreater high pressure purge with a 75% 
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GOHDT - -% LCOHDS 1 
Makeup L 

compnssor 

Figure 15-13. Flow diagram of membrane system installed to purify gas oil 
hydrotreater (GOHDT) offgas to provide hydrogen for light-cycle oil hydrodesulfurizer 
(LCOHDS) (Shaver et ai., 1991). Reproduced with pemissiOn from Hydmaitwn 
Processing, June 1991 

hydrogen recovery. The high-purity permeate hydrogen is sent to the hydrodesulfurizer. The 
available pressure drop from 1,050 psig at the hydrotreater to 430 psig at the hydrodesulfur- 
izer provides the driving force for the membrane separation. Because of the high purity of 
this permeate hydrogen, the hydrodesulfurizer offgas stream is still 90 plus percent hydro- 
gen, and can be recycled back to the gas oil hydrotreater. The residue stream from the mem- 
brane unit is fed to the cryogenic unit for recovery of LPG. The pretreatment of the feed to 
the membrane unit consists of a knock out drum, a feed preheater, and a dry gas filter. The 
economics of this system is presented in Table 15-8 and indicates a 1.7-year payback period. 

Table 15-8 
Economics of Membrane Hydrogen Recovery System on Hydrotreater Offgas 

Investment, $ 662,000 
Debits, $/yr 

Steam consumption 22,000 
Lost hydrogen fuel value 75,000 
Maintenance and o verhead ZQQQ 
Total 126,000 

Gas oil HDT product upgrade 396,000 
LCO HDS product upgrade 74,000 
Reduced DO wer consumom a%Q!N 
Total 5 12,000 

Earnings, $/yr 386,000 
Simple payback period, yr 1.7 

Credits, $/yr 

Source: Shaver et al. (1991) 
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Operating data collected over two years show consistent recovery rates and permeate purity 
even with feed rate variation from 8 to 20 MMscfd. 

Schendel et al. (1983) compared membrane and PSA technologies for hydrogen recovery 
from hydrotreater purge gas. A 7 MMscfd purge stream at 800 psig and 100°F with 72% 
hydrogen was assumed to be the feed to the hydrogen recovery units. The product hydrogen 
could be retuned to either the 250 psig make-up compressor first stage suction or to the 450 
psig inter-stage suction. The residue gas is used for fuel gas. 

For the membrane separator, a 93% hydrogen product is produced at 250 psig with an 8 1 % 
hydrogen recovery. The residue gas is let down in pressure and fed into the 60 psig fuel gas 
system. The feed gas to the membrane unit is preheated to avoid condensation. Figure 15-14 
shows the integration of a hydrogen recovery unit into a typical hydrotreater unit with the 
recovered hydrogen returned to the suction of the low-pressure hydrogen makeup compressor. 

Pressure swing adsorption (PSA) utilizes molecular sieves to selectively remove hydrocar- 
bons and other impurities to produce a high purity hydrogen stream. The greater the pressure 
swing (between the high pressure of adsorption and the low pressure of desorption), the 
greater the unit capacity and product recovery. 

The PSA system evaluation was based on two different operating scenarios: product at 
450 psig and residue gas at 60 psig, and product at 250 psig and residue gas at 5 psig. In the 
450 psig product case, the hydrogen is returned to the compressor interstage suction and the 
residue gas is fed to the 60 psig fuel gas system. In the 250 psig product case, the hydrogen 
is returned to the 250 psig compressor suction and the residue gas is sent to a low pressure 
burner. The hydrogen recovery was much greater for the low pressure case. 

The operating conditions and the operating and capital costs for the three cases are pre- 
sented in Table 15-9. As can be seen from the cost data, the 

Residue 

membrane system shows a 

Lowprr;;ure 

Frac t ik t ion  

Figure 15-14. Integration of hydrogen recovery unit into typical hydrotreater system. 
(Schendel et a/., 1 ss3) 
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Table 15-9 
Operating Conditions and Economics for Hydrogen Recovery from 

Hydrotreater Purge Gas by Membrane and S A  Systems 

Membrane PSA PSA 

Waste Gas Pressure, psig 
Feed H2, % 
Feed Pressure, psig 
Feed Temperature,"F 
Feed Flow Rate, MMscfd 

High Purity H2, psig 

Waste Gas H2, % 
Waste Gas Flow Rate, MMscfd 
H2 Recovery, % 
Capital Costs, M$ 

Equipment 
Installation 
Total Cost 

Steam for Preheat 
Compression to Reactor Press. 
Contrib. to H2 Cost, $/Mscf 

High Purity H2, % 

High Purity H2, MMKfd 

Operating Costs, M$/yrc2) 

Total H7 Cost, $/Mscfi3) 

( 1 )  
72 
800 
100 
7 
93 
250 
4.42 
36 

2.58 
81 

530 
100 
630 

10 
140 
0.11 
0.20 

60 
72 
800 
100 
7 

99.5 
450 
3.04 
51 

3.96 
60 

1,050 
175 

1,225 

- 
46 

0.05 
0.29 

5 
72 
800 
100 
7 

99.9 
250 
4.05 
34 

2.95 
80 

875 
150 

1,025 

- 
130 
0.09 
0.24 

Notes: 
1. Membrane system residue gas produced at operating pressure and, after pressure reduction, fed 

2.  Utility costs based on 5 t h h  and $5/MM Btu. 
3. H2 cost based on 8,000 hr/yr operation for afive-year span. 
Source: Schendel et al. (1983) 

into the fuel gas system. 

lower capital cost and lower total hydrogen cost than either of the PSA cases. The membrane 
and the low-pressure PSA case incur a significant cost for recompressing the hydrogen to 
reactor pressure. The low-pressure PSA case has the better economics of the two PSA cases. 
However, it may be difficult to find a use for the 5 psig waste gas. Also, depending on the 
sensitivity of the hydrotreater to hydrogen partial pressure, the higher punty of the PSA gas 
may have definite advantages. 

Tonen Technology K.K. and UBE Industries (1990) reported on the installation of a hydrogen 
recovery facility at the Wakayama refinery of Tonen Company, Ltd. Polyimide membrane mod- 
ules, arranged in eight rows of two trains each, were designed to produce 5,153 scfm of product 
hydrogen with a minimum purity of 95%. The feed is filtered to remove hydrocarbon mist and 
then preheated to lW-170"F prior to entering the modules. The hydrogen-rich permeate is col- 
lected and fed to the hydrogen system. The residue gas is collected, cooled to 15O0F, and dis- 
charged to the fuel gas system. Plant operating data are presented in TaMe 15-10. 
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Table 1510 
Operating Data for Hydrogen Recovery Membrane System at Wakayama Refinery 

Feed Product offg= 
Flow Rate, scfm 15,490 10,095 5,395 
Pressure, psig 343 124 102 
Temperature,”F 90 155 99 
Composition, mol % 

H2 77.6 98.2 39.1 
Cl 17.0 1.6 45.8 
c2 4.4 0.2 12.2 
c3 0.3 .09 
c4+ 0.7 20 
H2S, PPm 400 300 590 
BTX, ppm 300 
Mw 6.30 2.3 13.81 

H2 Recovery, % 82.5 
Source: Tonen Technology and UBE Industries (1990) 

Hydrocruckhg. Hydrocrackers typically operate at higher pressures than hydrotreaters or 
hydrodesulfurization (HDS) units. Bollinger et al. (1984) performed a study to optimize 
hydrogen recovery from hydrocracker purge gas streams. Various membrane separation 
operating options were studied. Operating options included constant recycle punty, constant 
purge rate, constant make-up compressor horsepower, and constant hydrogen make-up rate. 

The optimized system, which includes the recovery of hydrogen from both the high- and 
low-pressure purge streams, is shown in Figure 15-15, which includes material balance data 
for the system. As indicated in the material balance, hydrogen is consumed during the hydro- 
cracking reaction (chemical hydrogen) and some of the unreacted hydrogen is discharged in 
purge streams from the high- and low-pressure separators. The Optimized design depicted in 
Figure 15-15 recovers hydrogen from the two purge streams thereby minimizing hydrogen 
losses. When compared to the hydrocracker without membrane units, the optimized system 
results in a 10% increase in the hydrogen partial pressure of the recycle gas leaving the high- 
pressure separator, a slight reduction in make-up hydrogen, and an increased chemical 
hydrogen consumption (26.7 to 3 1.8 MMscfd). Assuming that chemical hydrogen consump- 
tion per barrel of feed remains constant, the increase in chemical hydrogen consumption cor- 
responds to an increase in hydrocracker throughput of 19%. While the make-up hydrogen 
flow for the optimized system decreases from 40 to 38.7 MMscfd, the total flow through the 
make-up hydrogen compressor increases from 40 to 59.0 MMscfd as both permeate streams 
must be compressed in addition to the make-up hydrogen. 

“Butamer” Offgas. In the UOP licensed “Butamer” process, normal butane is catalytically 
isomerized to isobutane. The process produces isobutane and hydrogen streams. Even with 
high hydrogen recycle rates, some feedstock is cracked into methane, ethane, and propane. 
To maintain high reactor efficiency, some of the recycle gas is purged, usually to the fuel gas 
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WI 

stream O Q O O O @ O  
P-m PIh 250 1800 270 1450 450 220 50 
Flowrate. MMSCFD 38.7 18.9 10.2 4.4 14.5 4.4 5.0 

ComporHlon, mob% 
H2 88.5 82.0 81.9 34.8 96.5 21.8 91.7 
ci 7.0 12.2 21.1 43.3 2.6 42.3 5.3 
c2 3.1 4.6 10.0 17.1 0.7 20.9 1.8 
c3+ 1.4 1.2 7.0 4.8 0.2 15.0 1.2 

Figure 15-15. Optimized flow scheme for recovely of hydrogen from hydrocracker 
purge streams (Bollinger et ab, 1w. Reproduced wifh permission from Chemical 
Engineering Progress, copyright 1984, American Institute of Chemical Engineers 

system. This stream contains not only hydrogen and the cracking products, but also some 
butanes. 

Membranes have been considered for the recovery of hydrogen from Butamer units. How- 
ever, to maintain catalyst activity, small amounts of an organic chloride are introduced into 
the feed stream. The chlorides are converted to HCl by the catalyst, and the purge gas from 
the Butamer unit contains traces of HC1. The effect of HCl on membranes is a concern. A 
simplified process schematic for a “Butamer” unit with hydrogen recovery is shown in Fig- 
ure 15-16. The membrane unit is located downstream of a caustic wash used to remove HCl 
from the purge gas. Schell and Houston (1982) described the integration of a membrane unit 
with a “Butamer” unit, designed to process 47,800 scfh of feed gas. The flow rates and puri- 
ties are shown in Table 15-11. They report that under bone-dry feed conditions, the cellulose 
acetate membrane, which was located upstream of the caustic wash in this plant, was not 
affected by HCI; however, special materials and adhesives were used to ensure resistance to 
the HCl. Cooley and Dethloff (1985) reported on a demonstration unit installed initially 
upstream of the caustic wash unit. They found that HCl concentrations of 2,000 and 4,000 
ppm in the purge gas impaired the membrane performance. The unit was relocated down- 
stream of the caustic wash as shown in Figure 15-16 and the performance improved. The 
unit was designed for a feed rate of 971 scfh at 295 psig with 61% hydrogen in the feed gas. 
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Table 15-11 
Operating Data for Hydrogen Recovery from the Butamer Process 

Feed Residual Permeate 
Gas Gas Gas 

Pressure, psia 265 240 15 
Flow Rate, Mscfh 47.8 16.8 31.0 

Composition, mol % 
Temperature,"F 1 IO 100 100 

H2 68.9 17.8 96.4 
Cl 23.7 63.0 2.6 
c2+ 6.8 19.0 0.2 
HC1 0.6 0.2 0.8 

I Source: Schell and Houston (1982) 

R.cownd Hydrogen 
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Wash Unit - 
&Butane$ p b  Butamer 

4 Isokrtano 

Figure 15-16. Membrane system for recovering hydrogen from Butamer system purge 
gas. (Cooley and Dethlofl 7985) 

Unit 

Product 

Other Hydrogen Applications 

MacLean and Narayan (1982) have described other applications of membrane systems for 
hydrogen separation, including toluene hydrodealkylation and coal liquefaction processes. 

Carbon Dioxide, Hydrogen Sulfide, and Water Removal 

Enhanced Oil Recovery (EOR) 

When C 0 2  is injected into an oil reservoir at sufficient pressure, it dissolves in the oil pre- 
sent in the substrata reducing its viscosity, allowing it to flow more freely, and thereby 
increasing oil production. When the oil is brought to the surface and its pressure reduced, the 
injected C02 is released from the oil and discharged with the associated gas. 
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In COz flood EOR projects, the COz is typically recovered from the associated gas and 
recycled back into the oil producing formation. With this continual recycle of C02. both the 
volume and C02 content of the associated gas progressively increase. In the design of COz 
flood EOR systems, the objective is to minimize capital expenditure when the associated gas 
volume and COP content are low, but have enough design flexibility so that the system will 
be operable in the future when the associated gas volume and COP content are high. In many 
ways, the modular nature of membranes makes them ideally suited for this application. In the 
initial phases of the EOR project, capital costs can be minimized by adding the minimum 
number of membrane modules and COz re-injection compressors. Additional membrane 
modules and COS compression can be added later when the associated gas volume and C02 
content are higher. Other COz recovery processes do not have this flexibility. 

The first commercial scale membrane installation used with COz flood EOR was the 
Sacroc project in West Texas. Injection of C 0 2  into the field at volumes up to 200 MMscfd 
began in 1972. To handle the anticipated increase in the associated gas COz concentration, 
Sacroc installed three COz-removal facilities. The plants were installed in conjunction with 
three existing processing facilities operated by Sun Exploration & Production Co., Chevron 
U.S.A., and Monsanto. The Sun and Chevron facilities use the Bentield hot potassium car- 
bonate process, and the Monsanto facility uses the monoethanolamine (MEA) process. The 
Sun hot potassium carbonate plant was designed to reduce the C 0 2  content of 160 MMscfd 
of associated gas from 24 to 0.5% C02, while the Chevron plant was designed to reduce the 
C 0 2  concentration of 46 MMscfd of associated gas from 24 to 1.0% C02. The Monsanto 
MEA plant was designed to treat 16.5 MMscfd of the 24% COP feed gas, reducing its COz 
concentration to 0.01% (Parro, 1984). 

In the late 197Os, Sacroc realized that the COz content of the gas produced from the field 
would peak for a few years at levels greater than the C02-removal plants’ capacity. The COP 
content of the field gas had gradually increased from 0.5% prior to injection to 40% COP 
Sacroc contracted with The Cynara Company to build and operate two membrane units. The 
new membrane units were installed and operated integrally with the Sun and Chevron hot 
potassium carbonate plants. 

The Sun membrane unit was designed to recover 50 MMscfd of C 0 2  at 520 psig with an 
allowable pressure drop of 40 psig. The Chevron membrane unit was designed to recover 20 
MMscfd of COz at 480 psig with an allowable pressure drop of 40 psig. The membrane sepa- 
ration process flow is given in Figure 15-17. The two important features of this design are 
the dehydration of the inlet gas and the operation of the membranes at reduced temperatures. 
The inlet gas is first cooled by cross exchange with the COz and hydrocarbon product gas 
streams, This reduces both the moisture and hydrocarbon content of the feed gas and the size 
of the dehydration equipment. After dehydration, the feed gas is cooled by cross exchange 
with the residue gas and finally refrigerated before being directed to the membrane modules. 
The low-temperature feed results in a higher separation factor and a reduced volume of gas. 
The membranes are single stage and are arranged in parallel. 

The amount of feed gas processed depends on the field production rate, and changes in 
flow were handled by increasing or decreasing the number of membrane modules on line. 
When the plant was shut down, depressurized, and restarted, the permeate gas flow was 
found to be 5 to 15% lower than previous levels. The permeate flow gradually improved 
over a few days of operation, but did not recover entirely. Some loss of flux remained (with 
a slightly better separation factor), and additional modules were required to maintain the 
same permeate flow rate (Marque2 and Hamaker 1986). 
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Figure 15-17. Membrane system for treating gas at Sacroc enhanced oil recovery 
(EOR) project in West Texas. (Cutler and Johnswn, 1985) 

Additional field test data on the use of membrane permeation to provide a concentrated 
C02 stream for EOR were reported by Russell (1984) and Mazur and Chan (1982). Estimated 
capital costs for processing a 800 psig, 20 MMscfd feed gas stream containing varying 
amounts of C02 were developed by Coady and Davis (1982) and are presented in Figure 15- 
18. In all cases, the permeate stream contains 5% hydrocarbons while the residue gas contains 
2% COP To obtain a 95% CO, permeate stream, a two-stage membrane system with inter- 
stage recompression is required for feed gas CO, concentrations less than 75 ~01%. At feed 
gas C02 concentrations greater than 75%, the second-stage membrane and interstage recom 
pression can be eliminated. 

Low permeate pressure results in the least amount of membrane area required to achieve 
the desired separation. However, this is at the expense of recompression horsepower required 
for reinjection. Marquez (1991) reported on a series of tests performed to determine mem- 
brane performance with high-permeate back pressures. The tests covered feed gas pressures 
from 313 to 363 psig (333 psig average) and permeate back pressures from 189 to 250 psig 
(221 psig average). The permeate composition averaged about 97% C 0 2  and 0.13% H2S, 
representing removal of about 37% of the COz and 40% of the H2S from the feed gas. It was 
concluded that permeation into a high back pressure system is feasible and can result is con- 
siderable recompression cost savings. New membrane modules were used for the tests. Per- 
meation rate measurements showed that the flux stabilized after a month of operation at 79% 
of the initial rate. 

In work sponsored by the U.S. Department of Energy (1989), the cost was developed for 
a membrane unit installed upstream of an amine unit. The membrane unit was designed to 
process 170 MMscfd of feed gas containing 17% H2S and 45% C02. It was estimated that 
280,000 ft2 of membrane would be required to remove 70% of the acid gas. At an installed 
first cost of $20 per ft2 of membrane, the cost of the unit would be $5.6 million. The esti- 
mated annual steam savings in the amine plant were $5 million to $10 million based on 0.8 
to 1.6 pounds of steam per pound of acid gas removed and a cost of $2.28 per 1,OOO pounds 
of steam. The net annual savings, including membrane replacement, were $4.4 million to 
$9.4 million. 

Goddin (1982) compared several methods for recovering C02 from a CO,-flood project 
associated gas stream. In this study, the associated gas hydrocarbon and nitrogen flow rates 
were held constant while the C02 content increased up to 90 ~01%. This simulates the 
change in associated gas composition over the EOR project life. The folIowing C02 recovery 
cases were evaluated: 
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Figure 15-18. Estimated capital costs for carbon dioxide recovery from a 20 MMscf/d 
gas stream (Coady and Davis, 1982). Reproduced with permission from Chemical 
Engineering Progress, copyright 1982, American Institute of Chemical Engineers 

1) Conventional Amine 
The amine unit is based on a 30% DEA solution. The feed gas is compressed to 285 psia 
and pretreated to remove heavy hydrocarbons. After passing through the DEA absorber, 
the sweet offgas is compressed to 650 psia and sent to the existing gas plant. The sour 
C 0 2  stream from the DEA stripper, at 20 psig, is compressed to 450 psia and sent to a 
Selexol sweetening process designed to reduce the H2S content of the C 0 2  product gas to 
less than 100 ppm. 

The feed to the cryogenic unit is compressed to 625 psia, dehydrated, and chilled. The 
overhead gas from the first cryogenic column, which contains the methane and lighter 
components, is sweet pipeline gas. The bottom product from this column flows to the C 0 2  
column, where the sweet C 0 2  leaves in the overhead. Lean oil is added to the top of the 
first column to prevent the C 0 2  from freezing, and also is added to the top of the second 
column to break up a C02/ethane azeotrope. The bottoms from the C 0 2  column are sent 
to a lean oil recovery unit. The propane and lighter components are processed in a DEA 
unit to remove the C 0 2  and H2S. The acid gases removed here are processed in a Claus 
unit for sulfur recovery. Two cases were considered. Case A assumes that all of the ethane 
recovered has the value of liquid hydrocarbon. Case B assumes that only a portion of the 
ethane has the high liquid hydrocarbon value since 80% of the hydrocarbons would be 
recovered in the existing gasoline plant. Credit was given for the differential value of 
ethane in natural gas liquids (NGL) versus fuel gas. 

In the TEA bulk removal process, a TEA solution is used to remove the H2S and C02 from 
the feed. The C 0 2  and H2S are then removed from the TEA solution by flashing it to about 
20 psia. The TEA absorber overhead stream, containing about 20% C02 and some H2S, is 
sent to a DEA unit for final clean up. The acid gas streams from the DEA unit and the TEA 
flash tower are compressed to 450 psia and sent to a Selexol unit for H2S removal. 

2 )  Cryogenic Fractionation (Ryan-Holmes Process) 

3 )  TEA Bulk COz Removal 
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4) Membrane Permeation 
The membrane unit was designed to produce a permeate with a maximum of 5% hydrocar- 
bons and a residue stream containing 20% CQ. The residue stream is sent to a DEA unit 
for cleanup. The acid gas from the DEA unit and the sour permeate streams are compressed 
and sent to a Selexol unit for H2S removal. To develop a range of costs, two cases were 
considered. The low cost case assumed a short membrane module life and a high perme- 
ation rate. The high cost case assumed a long module life with a lower permeation rate. 

A summary of capital costs versus feed rate is given in Table 15-12. Figures 15-19 and 
15-20 present the cost of removing C02 for two different sets of utility costs. Also plotted 
are the cost curves for sweetening the C 0 2  product stream using the Selexol process. The 
cost of the Selexol process is included in the curves for the DEA, TEA, and membrane 
processes. 

For the low energy cost case (Figure 15-19), the least cost system, over most of the COz 
concentration range, is the cryogenic process with full credit for ethane recovery. When only 
partial credit is taken for ethane recovery, the cryogenic system is not competitive. Mem- 
brane permeation is more economical than DEA and TEA over the entire range, and has an 
increasing advantage over DEA at C 0 2  concentrations above 20%. The effect of higher ener- 
gy cost (Figure 15-20) is to make TEA and the membrane process more economical than 
any of the others over the entire C 0 2  concentration range. 

In the mid 1980s, several large COz-flood projects were initiated based on the availability 
of naturally occurring C 0 2  brought in by pipeline to West Texas. At that time crude prices 
were high and, significantly, NGL prices were also high. Overall economics were quite simi- 
lar to the scenario presented by Goddin in Figure 15-19. Three of the large projects: Amera- 
da Hess’s Seminole Plant (2 X 85 MMscfd, 77% C 0 2 )  (Schaffert et al., 1986; Wood et al., 
1986), Shell’s Wasson Denver unit (275 MMscfd, 93% COz) (Flynn, 1983; Youn et al., 
1987), and Arco’s Willard unit (72.9 MMscfd, 86% C 0 2 )  (Price and Gregg, 1983), and a 
smaller plant, the Mitchell Alvord South C02  plant (7.5 MMscfd, 85% C02) (McCann et al., 
1987) used cryogenic distillation (the Ryan Holmes process). All of these projects recovered 
NGL and cryogenic distillation was chosen because economics favored NGL production. 

Table 15-12 
Summary of CO, Removal Costs for DEA, Crvogenic, TEA, and 

Membrane Facilities 

Percent C02 20 40 60 80 90 
Flow, MMscfd 18.2 24.3 36.5 73.3 148.0 
Capital, $MM 

DEA 9.7 16.4 25.5 54.5 103.6 
Cry0 A 16.2 20.8 28.3 42.6 73.5 
Cry0 B 16.2 20.8 28.3 42.6 73.5 
TEA-DEA - 15.0 21.6 36.9 65.0 
Perm-Low - 13.8 18.8 29.8 47.0 
Perm-High - 16.6 23.4 37.9 60.5 

Source: Goddin (1982) 
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Figure 15-19. Estimated costs of carbon dioxide removal for a C02-flood EOR project- 
low utility cost case (Goddln, 1SZ). Reproduced with permission from RoctWngs of 
the 61st Annual Convention of the GPA, copyright 1982, Gas Processors Association 
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Figure 15-20. Estimated costs of carbon dioxide removal for a C02-flood EOR project- 
high utility cost case (Goddin, 1984. Reproduced with permission fnrm fhe 6lstAnnual 
Convention of the GPA, copyright 19821 Gas Processors Association 
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Chevron’s Sacroc project (Parro, 1984; Schendel and Nolley, 1984) and Amoco’s Central 
Mallet unit (100 MMscfd, 85% COz) (Anon., 1985) used membranes. However, the Sacroc 
project predates the Ryan Holmes process, and h o c 0  was under contractual obligation to 
supply gas with NGL‘s still present to a downstream NGL extraction plant. Therefore in the 
mid-l980s, the market generally sustained the conclusion of Goddin (1982) that, when NGL 
was recovered, economics favored cryogenic distillation over the use of either membranes or 
amine treating in CO2-flood EOR projects. 

Interest in COz-flood EOR fell with the drop in oil prices that occurred in the early 1980s, 
but seems to be reviving. Recent COz-flood EOR projects using membranes include Mobil’s 
Salt Creek project (64-110 MMscfd, 70% COz), which started up in 1992; Shell’s McCar- 
ney, Texas plant, which began operation in 1993 (11 MMscfd, 70% COz); and Amoco’s 
Mallet plant in West Texas (30-100 MMscfd, 80% COz), which started up in 1994 (Cynara, 
1995). One of the key factors favoring membranes in these more recent projects is the ability 
to delay capital expenditures. 

Schendel (1984) proposed the integration of a membrane process and cryogenic distilla- 
tion. Feed gas from the field passes through a hydrocarbon dew point control unit and then 
through a membrane unit. This first membrane unit removes the bulk of the C02.  The 
residue is fed to the cryogenic unit. Rather than suppress the COz/ethane azeotrope with a 
hydrocarbon recycle stream, the COz-rich azeotrope is allowed to go overhead to a second 
membrane unit where COz is removed as the permeate. The primary advantage of this 
scheme is that the cryogenic unit can be sized for the relatively constant hydrocarbon rate, 
not the increasing COz rate over time. As the COz rate increases, additional front-end mem- 
brane modules can be added as required. The disadvantage of this concept is that the COz 
product is produced at low pressure, requiring recompression. Some cryogenic distillation 
process configurations can produce the COz product as a liquid which can be easily pumped 
to high pressure (Wood et al., 1986; Ryan and Schaffert, 1984). 

Boustany et al. (1983) compared the performance and economics of hot potassium carbon- 
ate, cryogenic separation, and membrane permeation processes for COz removal. They 
assumed a 100 MMscfd feed stream containing 80% COz available at 25 psig and 100°F. 
The gas is assumed to be sweet. The cryogenic unit is similar to that previously described by 
Goddin (1982) except that the COz recovered from the DEA unit is compressed and com- 
bined with that coming from the cryogenic column overhead. 

The membrane unit consists of two sections in series. The permeate from the second sec- 
tion is compressed and recycled to the feed. The residue from the second stage is fed to a 
DEA unit, The COz recovered from the DEA unit is combined with that from the first mem- 
brane section and compressed to 500 psig. A summary of operating conditions and cost data 
is presented in Table 15-13. It is concluded that the membrane permeation units (PRISM 
separation) offer both capital and operating cost savings over the other systems. 

Well Fracturing 

In this process, which is applicable to certain types of wells, high pressure COz is injected 
into a reservoir to fracture the formation. A slurry of sand is then fed into the well to fill the 
fractures and provide a porous channel for gas or oil flow. The associated gas flow after the 
fracture contains a high amount of COz, which decreases to pipeline transmission levels over 
a relatively short period of time. Membranes work well for treating the gas resulting from the 
fracturing process. Because of their modular nature and portability, they can be used to 
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Table 15-1 3 
Summary of Data for Comparison of Cryogenic, Hot Potassium Carbonate, 

and Membrane Processes 

Hot 
Potassium 
Carbonate Cryogenic Membrane 

CO2 Product Stream 
C02 Recovery, % 96.9 93.0 96.9 

Hydrogen Recovery, % 99.5 8 1 .O' 83.5 
Capital Costs, $MM 

COP Removal 21.1 24.2 16.1 

Feed Compression 

250 to 500 psig 0.9 6.2 0.9 
Hydrocarbon Liquid Recovery 4.0 

5.1 7.9 

co2 Purity, % 99.8 95.1 95.5 

DEA Treating - 4.9 4.9 

25 to 250 psig 11.1 11.1 12.1 

C 0 2  Compression 10 to 500 psig 
- - 
- 

Total Capital 45.0 46.4 43.1 
Operating Costs, $MM 11.78 8.46 6.46 
Notes: 
1. Assumes CO, column operation based on ethane rejectionipropane recovery. 
Source: Boustany et al. (1983) 

maintain pipeline quality gas until the C02 levels return to normal and can then be removed 
and used elsewhere (Schendel and Seymour, 1985). 

Pipeline Natural Gas 
Typical specifications for pipeline gas are COz less than 2%, H2S less than 4 ppmv, and 

water less than 7 IbMMscf. Water vapor is a very fast gas and, therefore, dehydration to 
pipeline specifications can be achieved by membrane systems while also removing the slow- 
er C 0 2  or H2S acid gases. Membrane permeation systems can remove C 0 2  to the required 
2% level; however, at low CO, concentrations, the COz partial pressure driving force is 
reduced and a significant amount of hydrocarbon (primarily methane) is lost with the C02- 
rich permeate. The problem becomes even more severe when trying to remove substantial 
quantities of HzS to meet a 4 ppmv specification. Normally, with membranes only modest 
adjustments to HIS concentration in the ppm range are economically feasible. However, sub- 
sequent treatment with other processes to meet the H2S specification is possible. 

The Gas Research Institute (GRI) performed an extended field evaluation of a membrane 
unit operating on low quality natural gas (Meyer and Gamez, 1995; Lee et al., 1995). The 
unit was a standard two-tube Grace Membrane Systems (GMS) test system designed to treat 
0.5 MMscf/d of 750 psig natural gas containing 6.0% carbon dioxide. Two types of asym- 
metric cellulose acetate membrane (standard and higher density) were tested. During the 
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573-day test period the unit operated smoothly, reducing the COz content of the gas to meet 
the pipeline specification of less than 2.0% carbon dioxide. The system also provided gas 
dehydration to 7 lb H201MMscf or less. 

GRI evaluated process economics based on the test results. For the case of a plant treating 
37 MMscfld at 725 p ig ,  the study indicated that the membrane process would be competi- 
tive with DEA or MDEA systems if the gas contained less than 20% C 0 2  and appreciably 
less expensive than the amine processes if the gas contained over 20% C 0 2  (Meyer and 
Gamez, 1995). 

Bhide and Stem (1993) conducted a study to optimize the process configuration and oper- 
ating conditions and to assess the economics of membrane processes for removing COz from 
natural gas. The base case was a 35 MMscf/d natural gas feed stream at 800 psia with COz 
concentrations in the range of 5 to 40 mole%. The optimum configuration was found to be a 
three-stage system consisting of a single permeation stage in series with a two-stage perme- 
ation cascade with recycle. 

For the base case operating conditions, membrane properties, and economic parameters 
assumed in the study, membrane processes were found to be more economical than DEA 
over the entire range of COz concentrations considered (with no H2S in the feed). When HzS 
is also present, the results showed that the cost of meeting product gas specifications (<2  
mole% CO2 and <4 ppmv H2S) increases with increased HzS concentration. For example, 
with feed containing 1,OOO ppm H2S, the membrane process was found to be more economi- 
cal than DEA only when the total acid gas in the feed exceeded about 16 mole%. 

Fournie and Agostini (1987) studied the removal of COz from gas that was to be sold as 
liquified natural gas (LNG) and from gas that was to be sold in the gaseous phase. For gas to 
be sold as LNG, with a 100 ppm COz specification, they concluded that membranes were 1.1 
to 2.5 times more capital intensive than amine units. Three feed COz concentration ranges 
were investigated for gas to be sold as a gaseous product containing less than 2% Cq. For a 
feed concentration range of 5 to 20% CQ, membrane systems were estimated to be one-half 
the investment cost of diethanolamine processes, but were not recommended because of the 
low hydrocarbon recovery and the problem of finding a use for the low pressure permeate. 
The predicted investment cost for C02 concentrations ranging from 20 to 40% was about the 
same as that for conventional processes, but the hydrocarbon losses were significant. For C q  
concentrations greater than 40%, the estimated investment was about one-half that of conven- 
tional processes. Their overall conclusion is that membranes are most effective for high C q  
concentrations, especially when the Cq-rich permeate can be used for EOR applications. 

The capital costs of membrane systems to remove H2S to meet a sales specification of 4 ppm 
were found to be about two times the cost of conventional systems. The use of membranes for 
bulk removal of HzS down to about 2% combined with conventional processing to bring the 
concentration down to 4 ppm resulted in capital costs about the same as conventional process- 
es, but with a much lower overall energy consumption (Fournie and Agostini, 1987). 

The use of natural gas as the circulating fluid drilling gas in a deep gas formation (rather 
than air or conventional muds) was reported by Cooley and Dethloff (1985). The gas avail- 
able for this use was saturated with water and contained 6% CO, and 3,000 ppm H2S. The 
C02 and H2S levels were considered too high so a gas purification system based on mem- 
brane permeation was installed. The membrane unit reduced the C02 content to 2%. The 
H2S content was reduced to 600 ppm, which then could be economically treated with an iron 
sponge unit. Operating data are presented in Table 15-14. 

Some of the early tests demonstrating the feasibility of using membranes to remove COz 
from natural gas to produce a sales grade gas have been reported by Mazur and Chan (1982) 
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Table 15-14 
Operating Data for Drilling Gas Appllcation of Membrane Process 

Inlet Product Gas 
Flow, MMscfd 1.22 1.07 
Pressure, psia 900 900 
Temperature,"F 100 90 
C02 Content, mol % 6.05 2.0 
H2S Content, ppm 3000 600 

Source: Cooley and Dethloff (1985) 

and Schell and Houston (1982). Pipeline gas with less than 5% C 0 2  was produced from 
wellhead gas containing up to 30% COP Inlet pressures ranged from 250 psig to 800 psig. 

Another economic comparison of membranes and amine treatment was presented by Bab- 
cock et al. (1988). They considered C 0 2  feed gas levels ranging from 10 to 60 vol% as well 
as various operating pressures and flow rates. The base case feed gas contained less than 
0.5% H2S and had a flow rate of either 37.2 or 60 MMscfd at 725 psig and 100°F. The prod- 
uct gas specification called for C 0 2  and H2S concentrations to be less than 2% and 4 ppm, 
respectively. 

The conventional DEA and MDEA split-flow/flash amine systems operated at 900 psia. 
The circulating solutions were 30% DEA and 50% MDEA. Acid gas in both systems was 
released at 25 psia. The multistage membrane system consisted of an initial membrane bulk 
removal unit followed by a two-stage permeation system with recycle. 

Some of the estimated capital and operating costs are summarized in Table 15-15. Pro- 
cessing costs include operating expenses, lost product gas, and capital charges. The lost 
product gas includes gas lost in the permeate and gas used for fuel for recycle recompres- 
sion. The processing cost comparison is presented graphically in Figure 15-21. The plotted 
results indicate that membrane processes are more economical than conventional DEA over 
the entire feed C 0 2  concentration range. They are more economical than two-stage MDEA at 
C 0 2  concentrations below about 15% and above about 42%; while the MDEA system is 
slightly more economical in the range between these two concentrations. 

McKee et al. (1991) prepared an economic comparison of membrane, amine, and mem- 
brandamine hybrid processing systems to aid in determining when the hybrid system would 
have an economic advantage. In the hybrid system, the bulk of the C 0 2  is removed with a 
small area membrane system and the amine system is used to remove the residual C 0 2  to 
meet specification. Feed gas C02 concentrations from 4 to 27% and flow rates between 5 
MMscfd and 75 MMscfd were used to generate cost data. The amine system design parame- 
ters were 35% DEA, 70% approach to equilibrium, and a reboiler steam rate of 0.7 pounds 
per gallon of DEA circulated. The membrane was designed as a single stage with a 20 psig 
permeate pressure. Feed gas values of $OSO/MMBtu to $2.00/MMBtu were used. 

The cost comparisons at $l.SO/MMBtu feed gas value show that 

1) Amine systems are preferred when flow rates are high (over about 20-30 MMscfd) and 
C 0 2  concentrations are low (below about 16 mole%). 



1280 Gas Pursfication 

TaMe 15-15 
Capital and Operating Costs for Amine and Membrane Systems 

COz in Feed, 9% 10 20 25 30 50 80 

Flow Rate, MMscfd 37.2 37.2 37.2 37.2 37.2 
DEA 

Capital, $MM 4.54 6.21 7.50 9.50 11.80 
Processing, $iMscf 0.24 0.36 0.46 0.64 0.87 

Multistage Membrane 
Capital, $MM 3.33 3.69 3.37 2.45 1.44 
Processing, $/Mscf 0.19 0.25 0.27 0.24 0.14 

Processing, $Nscf 0.26 0.32 0.32 0.28 0.15 
Single-Stage Membrane 

Flow Rate, MMscfd 60.0 60.0 60.0 
MDEA 

Capital, $MM 7.32 7.60 8.76 
Processing, $/Mscf 0.2 1 0.23 0.30 

Notes: 
1. Feed gas conditions are 725psig and 100°F for all cases. All feed gases have less than 0.5 vol% 

2. In all instances product specifications are COz < 2 vol%, H2S < 4 ppm. 
Source: Babcock et al. (1988) 

H2s. 

2) Membrane systems have an advantage at low feed rates (below about 20-30 MMscfd) 

3) The hybrid system is favorable at high flow rates (above about 30 MMscfd) and high COz 
over the entire range of feed gas compositions. 

concentrations (above about 16 mole %). 

Membrane units have a smaller plot space requirement and weigh less than most other 
process units. These factors, as applied to an offshore installation, were evaluated by Cooley 
(1990). A comparison was made between an amindglycol unit and a membrane unit designed 
to treat 96 MMscfd of natural gas at 1,OOO psig. The systems were designed to reduce the CQ 
content of the gas from 15.8 to 4% and dehydrate the gas to North Sea specifications. The 
results of the comparison are presented in Table 15-16. 

Landfill Gas Putification 
Landfill gas is produced at low pressure (near atmospheric), has a high COz content, and 

contains numerous trace contaminants. The operation of a membrane system producing 
approximately 800 Mscfd of high Btu gas at 500 psig, containing less than 3.5% C02 was 
described by Houston and Schell (1986). The feed gas from the collection system is fmt 
compressed to 525 psig. The gas is then treated in a carbon bed adsorber to remove organics, 
fed to a filterheparator to remove condensed liquids, and preheated to 130°F to prevent 
water condensation inside the membrane. The gas is then fed to a two stage membrane unit 
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Figure 15-21. Cost comparison between amine and membrane processes for 
purification of 60 MMscf/d of natural gas (Babcock eta/., 7988). Reproduced with 
permission from Energy Progress 

Table 15-1 6 
Plot, Cost, and Weight Requirements for Membrane and Amine/Glycol 

Dehydration Acid Gas Removal Units 
~~ 

Amine Plant Membrane Plant 

Weight, metric tons 1,605 503 
Installed Cost, $MM 30.5 18.7 
Deck Area, sq. meters 600 214 

Source: Cooley (IWO) 

with recycle. The C02-rich permeate from the f i s t  stage is vented and the second-stage per- 
meate is compressed and recycled to the first stage to improve methane recovery. Advan- 
tages claimed for membrane systems in this application are low capital and operating costs, 
simplicity of operation and maintenance, compact size, and modular construction. The unit 
also dehydrates the gas. 

Helium Removal from Natural Gas 
Helium occurs naturally as a minor constituent (4%) of some natural gas streams. It is 

usually recovered by a two-step process: the first recovers a crude helium concentrate (about 
50%) from the natural gas, and the second purifies the helium to a high punty product 
(>99.99% for Grade A Helium). Several hybrid processes for accomplishing both steps of 
the helium recovery and purification operation have been evaluated by Choe et al. (1988). 
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The most economically attractive process is a hybrid system that combines cryogenic, PSA, 
and membrane units to produce 99.99% helium from dilute natural gas. The process is 
shown in Figure 15-22. The feed is natural gas containing 2.1% helium. The feed is first 
cooled to -60°F to condense the heavier hydrocarbons. Then the gas is cooled to -240°F to 
condense most of the methane and some nitrogen. At this point the gas contains 30-358 
helium. The crude helium is then fed to a two-stage membrane unit that produces a 95% 
helium stream. PSA is used to upgrade this stream to Grade A purity. 

Air Separation 

The initial attempts to separate air with membranes were aimed primarily at the production 
of oxygen, and date back over a century (Prasad et al., 1994). However, the oxygen-selective 

separator 

I I  a I I  
I I  I I  

Heat 
Emhanger 

M d U a  
FrOm 
PSA 

Gar 

Figure 15-22. Clyogenic/Membrane hybrid process for removing helium from natural 
gas. (Cnoe et a/., 1- 
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nature of currently available polymeric membranes makes them more suitable for the produc- 
tion of nitrogen. In a typical operation, a single permeation stage can produce relatively pure 
nitrogen as residue gas at elevated pressure; while the permeate is oxygen-enriched air at 
atmospheric pressure. As a result of the process advantages of nitrogen production, and the 
rapidly developing commercial market for nitrogen, the development and use of membrane 
systems for nitrogen production have expanded rapidly. 

In a paper prepared in 1993, it was estimated that the production of nitrogen from air had 
reached well over 2,000 tons per day, and more than 1,000 commercial units had been 
installed worldwide (Prasad et al., 1994). The practical economic limit for nitrogen purity 
has risen from 95-97 to 99.9%, with the ability to produce 99.9995% nitrogen from com- 
pressed air (Rice, 1990). However, extremely high purities require the use of a hybrid system 
employing a chemical deoxygenation step following the membrane unit. Nitrogen recoveries 
have gone from 22 to 30% (Anon, 1990). The major constituents in air, other than nitrogen 
and oxygen, are water vapor and carbon dioxide. Both gases are faster gases than oxygen 
and are concentrated in the oxygen permeate stream. Therefore, it is possible to obtain nitro- 
gen with a dew point less than 40°F and a carbon dioxide concentration less than 20 ppm 
using membrane separators. 

Nitrogen is presently produced via cryogenic, PSA, and membrane systems. It is produced 
on site or delivered as liquid or as gas in cylinders. Figure 15-23 shows the typical economic 
areas of application of various nitrogen supply systems based on the quantity and purity of 
nitrogen required. 

F L l o w ~ 6 1 o F T I / H  
loo w' Id ro3 lo' tos 

95 - 

94 - 
Figure 15-23. Economic areas of applicabili of nitrogen supply systems (Beaver et 
al., 1988). Reproduced with permisSon h r n  NCHE Symposium Series, COwrigM 1988, 
American Institute of Chemical Engineers 
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The primary use for nitrogen produced by membrane separation is inert gas blanketing. 
Most flammable gases require a minimum of 10-12 vol% oxygen to sustain combustion. 
Since high purity nitrogen is not required for this application, 9597% nitrogen from a mem- 
brane unit is satisfactory for inerting storage tanks. 

A membrane system to produce nitrogen for inerting the fuel tanks of military aircraft was 
described by Bhat and Beaver (1988) and Gollan and Kleper (1987). Depending on the type 
of aircraft and the flight conditions, bleed air from the jet engine compressors is available at 
25 to 150 psig and temperatures up to 450°F. The air is cooled to 70"-160"F depending on 
the membrane limitations, filtered to remove particulates, and then fed to the membrane unit. 
The inert gas produced has a nitrogen concentration of 88 to 97%. 

Crude and LNG tankers began inert blanketing of cargo tanks for safety in the early 
1970s. Chemical tankers require a dry, non-reactive gas for purging lines and for preventing 
condensation inside cargo tanks. Metzger et al. (1984) reviewed the design of a system 
installed onboard two ships. The system was designed to produce a 95 to 99% nitrogen 
stream. operating data for the system are presented in Table 15-17. Dry instrument gas can 
also be provided by attaching a connection to one or more of the membrane modules. 

Bhat and Beaver (1988) also reported on the use of membranes to control the composition 
of the atmosphere in the storage and transportation of fruit.and vegetables. To slow respira- 
tion, the oxygen content of the atmosphere needs to be in the 1 to 5% range. However, two 
metabolic products, carbon dioxide and ethylene, also must be controlled to prevent acceler- 
ated ripening and decay. Membranes can provide primary control of the oxygen and sec- 
ondary control of the carbon dioxide and ethylene. Although the resultant gas mixture may 
not be the optimum, the cost is less than that required to produce an exact optimum mixture 
of the gases. 

The use of a membrane system to replace delivered liquid nitrogen in a powdered metal 
sintering operation was described by McGinn and Witzinger (1988). The sintering furnace 
consisted of three zones: presintering, high heat, and cooling. A blend of 20% dissociated 
ammonia and 80% nitrogen from a liquid storage system was being used. In the new system, 

Table 15-1 7 
Operating Data for Ship Onboard lnerting System 

Input 
Flow, scfh 
Pressure, psig 
Temp,"F 

Case 1 Case 2 

6674 
441 
122 

4026 
441 
122 

Inert Gas 
Flow, scm 3320 989 
Press, psig 419 419 
Temp,"F 122 122 

% Nitrogen 95 99 
Dew point,"F -85 -85 

Source: Metzger et al. (1984) 
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500 scfh of membrane-separated nitrogen was used in the presintering and cooling zones and 
dissociated ammonia was used in the high heat zone. The membrane-separated nitrogen con- 
tained a small amount of oxygen, which proved to be an advantage in the presintering zone 
by aiding in the removal of lubricants. The removal of the lubricants with the membrane- 
separated gas was far more effective than with the previously used nitrogen atmosphere. In 
addition to improved quality, a reduction in operating costs was observed. Delivered liquid 
nitrogen cost, including storage was $0.53 per hundred scf, while membrane gas production 
cost was only $0.28 per hundred scf. 

Beaver et al. (1986) reported the results of a feasibility study for generating 600 MMscfd 
of nitrogen on a ship moored to an offshore platform. The nitrogen generated was to be 
injected into an offshore oil reservoir to arrest the sinking of the seabed and the production 
platform fixed to the seabed. In the proposed process, turbine exhaust gases are cooled in a 
heat recovery boiler and an exhaust gas cooler. The gases are then preheated to prevent con- 
densation and fed to a membrane unit. The nitrogen-rich residue stream from the membrane 
unit contains 2% oxygen and about 1% C02. The oxygen is reduced to less than 5 ppm by 
catalytic reduction. A glycol dehydration system is used to remove water down to a -4°F 
dew point. Product nitrogen is produced at 68°F and 900 psia. The system has three identical 
and independent process trains, which include nine gas turbines, nine heat-recovery units, six 
compressor systems, and six membrane-separation units. The heat recovery units produce 
about 600,OOO pounds per hour of steam. It was concluded that the membrane process would 
be an energy efficient, low cost method of generating nitrogen. 

A comparison of the capital and operating costs of a membrane system versus PSA for 
producing nitrogen was developed by Gollan and Kleper (1986). The results are presented in 
Table 15-18. The analysis shows that the cost per standard cubic foot of nitrogen produced 
is the same for both systems, but the capital cost of the PSA system is one-third higher. 

The integration of membranes and catalytic oxygen removal to produce 99.9995% nitro- 
gen was described by Beaver et al. (1988). Compressed air at 125 psig and 100°F is fed to a 
membrane separator that produces a 99.5% nitrogen stream. The nitrogen stream, at 110 
psig, is then fed to a catalyst module where the nitrogen is mixed with a small amount of 
hydrogen and passed over a palladium catalyst. The catalytic reaction of oxygen and hydro- 
gen to form water reduces the nitrogen stream oxygen content to less than 5 ppm. 

Beaver et al. (1988) also described a small scale application that integrates membranes 
and cryogenics to produce 5 liters per day of liquid nitrogen. A 100 psig compressed and fil- 
tered air stream is fed to a membrane unit that produces a 99% nitrogen stream. This stream 
is then sent to a cold head that is located inside a liquid nitrogen Dewar flask. The membrane 
module, made of hollow fibers, is two inches in diameter by three feet long. The unit can be 
reconfigured to produce liquid oxygen by changing the internal piping. High purity oxygen 
can be produced by adding a compressor and a second-stage membrane module. 

McReynolds (1985) described a commercially available package unit producing up to 
99% nitrogen and up to 40% oxygen. The unit is sized to deliver up to 15,900 c f i  of 95% 
nitrogen at 105 psi and 77°F. Depending on the operational mode and capital depreciation 
option selected, the total operating cost ranges between $0.071 to $0.15 per hundred cubic 
feet, assuming $O.OSikWh electrical cost. 

Oxygen is presently produced via cryogenic distillation, PSA, vacuum swing adsorption 
(VSA), and membrane systems. It is produced on site or delivered as liquid or as gas in 
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Membranes 

Table 15-18 
Operating Cost Comparison for 95% Nitrogen Generation 

PSA 
Capacity, todday 
Capital Cost, FOB 
Installation, % 
Installed Cost, $ 

Operating Costs, $/day 
Membrane Replacement 
Power cost 
Cooling Water Cost 
Operator Labor Cost 
Maintenance & Taxes 
Capital Charges 
Depreciation 

Total Operating Costs 
VdaY 
$/ton 
$1100 SCF 

$75,000 $l00,000 

$9o,OOo $120,000 
2: 1 2: 

16.01 
35.10 
0.43 
4.30 
3.89 

32.93 
12.96 

105.61 
35.20 
0.13 

0.00 
40.50 
0.43 
4.30 
5.18 

43.90 
17.28 

111.59 
37.20 
0.13 

Note: Membrane pe$ofonnance and costs based on A/C Technology Units. 
Source: Gollan and Kleper (1986) I 

cylinders. Figure 15-24 shows the market economics relative to size and purity. Note that 
the use of oxygen begins at 21%, its atmospheric concentration, while applications using 
nitrogen require concentrations beginning at 90%. 

A single-stage membrane yields oxygen concentrations up to 40%. Multi-stage systems 
can produce oxygen concenkations up to 60%; however, the economics are much less attrac- 
tive. Oxygen passes through the membrane in the N2/02 separation. Therefore, the feed gas 
(air) must be compressed, and the oxygen enriched air is produced at low pressure. 

Oxygen-enriched air produced by membranes has applications that include industrial com- 
bustion efficiency improvement, fermentation efficiency improvement, respiratory care, and 
pulp bleaching. Although these applications hold promise, commercial implementation has 
been slow. The major potential market is combustion enhancement, but progress has been 
limited by combustion system development. There is also limited use in respiratory care, 
particularly in Japan (Spillman, 1989). One advantage membranes have in medical applica- 
tions is elimination of the humidification step. Oxygen produced via adsorption (PSA or 
VSA) or cryogenics is dry and requires humidification before patient use. Since water is a 
fast gas, it permeates with the oxygen in a membrane system. 

An application that integrates membranes with PSA is an extension of a previous nitrogen 
application-fuel tank blanketing on board military aircraft. The oxygen-rich permeate is fed 
to a PSA unit to produce 90% oxygen for crew breathing (Beaver et al., 1988). 

A comparison of oxygen-enriched air (OEA) produced by membranes and PSA was per- 
formed by Gollan and Kleper (1986). Their data are presented in Table 15-19. Membranes 
show a significant advantage in capita1 cost and power consumption. 
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Table 15-1 9 
Operating Cost Comparison for 35% Oxygen Enriched Air Generation 

I Membranes 

Capital Cost, FOB 
Installation, % 
Installed Cost 

Operating Costs, $/day 
Membrane Replacement 
Power Cost 
Operator Labor Cost 
Maintenance & Taxes 
Capital Charges 
Depreciation 

Total Operating Costs 
$/day 
$/ton 

Source: Gollan and Kleper (1986) 

$250,000 
15 

$287,500 

38.1 1 
85.50 
8.60 
9.91 

105.18 
33.03 

280.33 
28.03 

PSA 

$480,000 
15 

$552,000 

0.00 
130.50 
8.60 
19.02 

201.95 
63.41 

423.49 
42.35 

90 - 

80 - 

0 E 60 7 0 :  

8.. 
a . 0 ;  

30 - 

20 - 
Figure 15-24. Economic areas of applicability of oxygen supply systems (Beaver et a/., 
1988). Reproduced with permission h m  AICHE Symposium Series, copyright 1988, 
American Institute of Chemical Engineers 
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Solvent Vapors 
Although permeability data on organic vapors and air were available in the early 1970s 

(Spangler, 1975; Rogers et al., 1972) process development did not begin until the mid-1980s. 
Operating conditions for membranes used in vapor recovery applications are quite different 
from the conditions seen in hydrogen or carbon dioxide applications. Inlet pressures are typical- 
ly less than 125 psig, and a vacuum pump is frequently used on the permeate side to increase the 
pressure ratio. The permeate is often compressed for recovery of the solvents by condensation. 

Peinemann et al. (1986) described the use of membranes to recover solvent from an industrial 
oven. Hot solvent-laden air from the oven is fed to a blower to boost its pressure to 17.6 psia and 
then to a membrane system. A vacuum pump is used to maintain a low pressure on the permeate 
side of the membrane. The solvent-rich permeate is compressed and the solvent is condensed 
and recovered. The hot-solvent depleted residue gas is recycled back to the oven to reduce ener- 
gy consumption. The operating and cost data for this system are presented in Table 15-20. 

In the manufacture of polyvinyl chloride (PVC), an offgas stream is produced that con- 
tains unreacted vinyl chloride monomer. This stream is usually compressed and condensed 
to recover as much monomer as possible. However, the vent stream from the condenser still 
contains a significant amount of monomer. Baker et al. (1991) described an installation that 
recovers 100 to 200 l b h r  of monomer from a condenser vent stream. The process vent 
stream is compressed to 65 psig and sent to a condenser operating at 14°F. The condenser 
vent stream, containing 50% vinyl chloride monomer, is sent to the membrane unit. The 

Table 15-20 
Membrane Economics for Solvent Vapor Recovery 

Plant Operating Characteristics 
Concentration of Solvent in Feed Air 
Concentration of Solvent in Residue 
Concentration of Solvent in Permeate 
Volume Flow of Feed Air 0 17.6 psi 
Pressure Ratio 

Capital Cost of Plant 
Membranes $ 
Other 
Blower, 17 Hp 
Vacuum Pumps, 200 Hp 
Total 

0.5 vol% 
0.1 vol% 
4.4 vol% 

1400 scfm 
0.05 

0,500 
$40,500 
$30,000 

$220,000 
$331,000 

Operating Costs (Annual Basis) 
Annual Fixed Costs $48,000 
Membrane Replacement $13,500 
Utilities ($0.05/kwh) $7 1 ,000 
Total $132,500 

Note: 1,OOO Uday solvent recovery, 0.5 ~01% solvent in feed. 
Source: Peinemann et al. ( I  986) 



Membrane Permeation Processes 1289 

monomer in the vent gas is reduced to less than 1%. The discharge of the vacuum pump on 
the permeate stream is recycled back to the inlet compressor suction. 

Baker et al. (1991) also described the installation of a membrane system on a CFC-11 and 
CFC-113 drum filling line. The unit is designed to process 10 scfm of saturated vent gas 
from the drum filling operation. The gas passes through a drier and then to a condenser oper- 
ating at 5°F. The condenser reduces the CFC concentration in the vent gas from 65 to 21%. 
A single-stage membrane is then used to reduce the CFC-11 concentration to 1.2%. Operat- 
ing data and system costs are presented in Table 15-21, and the unit is pictured in Figure 
15-25. The unit recovers approximately two pounds of CFC per 55 gallon drum filled. 

Table 15-21 
Vapor Recovery Membrane System Performance and Costs 

System Performance 
CFC-11 CFC-113 

Condenser inlet solvent concentration 65 % 25% 

CFC removal: 
Condenser temperature -15°C -15°C 

Condenser only 82% 68% 
Membrane separator + condenser 98% 96% 

System Costs 

Operating costs $ 8,500Iyr 
$O.Ol/lb of CFC recovered 

Figure 15-25. CFC vapor recovery system. 
Courtesy of Membrane Technology and 
Research, Inc. 
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The use of membranes to recover HCFC-123 from the drying chamber of a film coating 
operation was described by Baker et al. (1992). A flow diagram of the system is shown in 
Figure 15-26. The vapor stream exiting the drying chamber is compressed to 125 psig, dried 
to prevent icing in the condenser, and cooled to 5°F where most of the HCFC-123 is con- 
densed out. The condenser vent is routed to a membrane unit where the HCFC-123 concen- 
tration is reduced to less than 100 ppm. The unit recovers 15 pounds per hour and will pay 
for itself in 3,000 hours of operation based on $5Ab for HCFC-123. The system is pictured in 
Figure 15-27. 

Other solvent vapor applications for membranes include recovery of refrigerants from the 
purge stream of low temperature chiller refrigeration systems (Wijmans et al., 1991) and 
reducing emissions from industrial sterilizers (Baker and Wijmans, 199 I), hydrocarbon stor- 
age tanks, dry cleaning operations, and printing and coating processes (Baker, 1985). 

Condenser ROddUO 

Comproasor r HCFC-123 0.01% 
0 

F d  
Dlyw 

HCFC-1236.3% 4 
50 scfm 

33 k M  
HCFC-123 

n 
L 

“..R.V 

Vacuum 
pump 

Figure 15-26. Flow diagram of membrane system for the recovery of HCFC-123 
vaporized in a film drying operation. (Baker eta/., 1992) 

Figure 15-27. HCFC vapor recovery system. Courtesy of Membrane Technology and 
Research, Inc. 
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The expression “Sulfur Scavenging” is used to describe a group of processes which oper- 
ate in a nonregenerative manner to remove small quantities of sulfur compounds, usually 
H2S, from gas streams. The sulfur quantity may be small, and a scavenging process applica- 
ble, because of either a low volume of gas or a very low concentration of sulfur in a larger 
volume of gas. Typical applications are the treatment of natural gas at wells that are remote 
from gas processing facilities (usually less than 10 MMscfd containing 10 to 1,OOO ppm 
H2S) and the final purification of feed gas to ammonia or other petrochemical processes fol- 
lowing bulk sulfur removal in a regenerative system. 

Sulfur scavenging processes are typically batch operations. They make use of materials 
that capture and retain sulfur compounds, but have a finite effective capacity. When this 
capacity is reached, the spent sorbent (liquid or solid) must be removed and replaced with 
fresh material. The spent sorbent is normally disposed of as waste, and the production of an 
environmentally acceptable waste has become a key factor in the selection of scavenging 
processes for specific applications. Other important considerations are operating safety and 
reliability (unattended operation is often required) and, of course, capital and operating costs. 

Available Technologies 

Sulfur scavenging processes can generally be categorized as follows: 

A. Dry Sorption Processes 

I .  Iron Oxide. This is probably the most widely used process. Iron oxide captures hydrogen 
sulfide by forming iron sulfide. Bed life can be extended by admitting air to oxidize some 
of the sulfide to elemental sulfur and regenerate the iron oxide; however, this is not com- 
mon practice as it interferes with bed porosity and removability. 

2. Zinc Oxide. Zinc oxide operates by reacting with hydrogen sulfide to form zinc sulfide, 
which is quite stable. It is widely used to remove traces of hydrogen sulfide from hot syn- 
thesis gas streams. 

3. Alkaline Solids. Strongly alkaline solids such as sodium hydroxidellime granules are 
effective reagents for removing hydrogen sulfide (and other acid gases) by a simple acid- 
base reaction. 

4. Adsorbenrs. Molecular sieves, activated carbon, and impregnated activated carbon are 
effective adsorbents for hydrogen sulfide and higher molecular weight sulfur compounds 
and are often used in scavenger-type operations. Adsorption, including adsorption with 
impregnated adsorbents, is discussed in Chapter 12. 
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B. Liquid Phase Absorption Processes 

1. Iron Oxide Slurries. The chemistry of this type of process is essentially identical to that of 
the dry iron oxide process. The principal advantage is the ease of removing and replacing 
the spent reactant. 

2. Zinc Oxide Slurries. These are more reactive (and more expensive) than iron oxide slur- 
ries. Typically a weak acid anion, which forms a soluble zinc salt, is added to increase the 
activity of zinc in solution. 

3. Oxidizing Solutions. Many oxidizing agents, including dichromate, permanganate, perox- 
ide, nitrite, chlorite, and oxygen have been proposed. In most cases, dissolved hydrogen 
sulfide is oxidized to elemental sulfur. 

4. Aldehydes. Aldehydes, such as formaldehyde, react rapidly with hydrogen sulfide to form 
relatively nonvolatile organic sulfur compounds. A major problem with this type of 
process is the objectionable odor of the fmal product. 

5. Alkylamine/Aldehyde Condensation Products. Compounds of this type are used in liquid 
form and react with hydrogen sulfide to form products that remain in the liquid state. The 
products have a very objectionable odor, but are reported to have corrosion inhibition 
properties. 

6. Triazines. Certain triazines, such as 1,3,5 tri-(2-hydroxyethyl)-hexahydro-S-triazine, react 
rapidly with hydrogen sulfide to form water soluble liquid byproducts. A claimed advan- 
tage for this type of process is the corrosion inhibition properties of the byproducts. 

7. Alkaline Solutions. Processes of this type usually employ a water solution of sodium 
hydroxide. The operation normally absorbs all acid gases, although some selectivity for 
hydrogen sulfide relative to carbon dioxide is possible. The general use of sodium hydrox- 
ide solutions for purifying gases is described in detail in Chapter 5 under the heading 
“Caustic Scrubbing.” 

Specific processes, representing examples of several of the categories previously listed, 
are described in the following sections. 

Dry Sorption Processes 

This section covers processes which scavenge H,S and related sulfur compounds from gas 
streams by reaction with a solid. It does not cover adsorption or combined adsorption-reac- 
tion using impregnated adsorbents, both of which are discussed in Chapter 12. With the 
exception of the iron oxide dry box p e s s ,  which can be considered to be partially regener- 
ative, the processes are not regenerative. Closely related processes that use dry solids to 
remove relatively large quantities of sulfur at elevated temperature in a regenerative scheme 
are not included in this section, but are discussed in the section that follows under the head- 
ing “High-Temperature Sulfur, Regenerative Removal Systems.” 

Iron Oxide Process 

The iron oxide gas purification process is one of the oldest methods used for the removal 
of objectionable sulfur compounds from industrial gases. Around the middle of the nine 
teenth century, the iron oxide process was introduced in England to replace a wet purifica- 
tion process utilizing calcium hydroxide as the active agent. The iron oxide process gained 
widespread use in Europe and the U.S. for the treatment of coal gases, but began to lose 
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favor near the middle of the twentieth century as natural gas replaced coal gas, and efficient 
liquid processes, such as those based on the alkanolamines, were introduced (see Chapter 2). 

The process is currently used almost exclusively for the treatment of relatively small vol- 
umes of gas, where the amount of sulfur removed does not justify the expense and complexi- 
ty of a regenerative process with sulfur recovery. However, because of the widespread use of 
the process in the past, and the extensive scientific and engineering base that was developed 
to support it, a brief description of the background and technology of the process follows. 
More detailed descriptions of several iron oxide-based processes, design approaches, and 
operating experiences are given in previous editions of this book. 

Historical Background The first installations utilized a simple form of the iron oxide (or 
dry-box) process. In this form of the process, hydrogen sulfide was removed completely by 
reaction with hydrated femc oxide, resulting in the formation of ferric sulfide. After removal 
from the box and exposure to atmospheric oxygen, the ferric sulfide oxidized to elemental 
sulfur and femc oxide. The oxidized mixture was reloaded into the box and used to react 
with additional hydrogen sulfide. The cycle could be repeated several times before the mate- 
rial lost activity due to the presence of excessive amounts of elemental sulfur. 

Later, it was determined that a much simpler and more economical process resulted when 
the iron oxide was revivified in situ, by addition of small amounts of air to the gas at the inlet 
of the purification system. Another method of in situ revivification consisted of the circula- 
tion of oxygen-containing gas through the spent bed after it had been used to purify oxygen- 
free gas. In situ oxidation of the bed was found to result in large savings in labor costs for 
loading and unloading the dry boxes. 

Two forms of iron oxide were used in the early dry box processes: unmixed oxides and 
mixed oxides. Unmixed oxides included modified iron ores containing up to 75% iron oxide 
and residue from the purification of bauxite, called “Lux” in Europe, which contained 25 to 
50% iron oxide. Natural bog ore found in Denmark and Holland was also widely used. 

The mixed oxides, or sponges, were prepared by supporting the finely divided oxide on 
media such as wood shavings. The advantage of mixed oxides is that the bulk density, the 
iron oxide content, the moisture, and the pH can be controlled better than in unmixed oxides. 
In addition, mixed oxides have less tendency to cake, and free passage of the gas and higher 
final sulfur loading can be achieved. Iron sponge (iron oxide supported on wood chips) is the 
most common form used today. Typical composition ranges for two types of iron oxide 
materials used in the 1950s are given in Table 16-1 (Moignard, 1952). 

During its period of widespread use for the purification of coal gas, the iron oxide process 
was subject to numerous modifications and improvements. The major forms of the process 
can be categorized as follows: 

1. Conventional dry box purzjiers. A simplified flow diagram of the basic iron-oxide purifi- 
cation process as used for low-pressure coal gas treatment is shown in Figure 16-1. A 
purifying plant consisted of one or more series of four to six boxes with the piping 
arranged in such a manner that the inlet gas could enter each box first, thus allowing 
changes in the order of the boxes. Each box contained one or several layers of oxide, each 
about 2 ft deep, supported on wooden or steel grids (Ward, 1964; Taylor, 1950; Dent and 
Moignard, 1950) 

2. Tower Purifiers. Tower purifiers were developed to reduce the ground area required for 
iron oxide boxes and to simplify the loading and unloading operations. Several tower 
designs were employed. In general, the tower consisted of a carbon steel shell enclosing 
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Table 16-1 
Composition of PurHykrs Materials 

Oxide Supported 
Characteristic Bog Ore on Wood Shavings 
Moisture, % 45-55 38-42 
Loss on ignition (dry basis), % 25-35 36-41 
Fe203 (dry basis), % 45-55 46-48 
Bulk density, lWcu ft - 19-21 
Source: Moignard, 1952 

FEED GAS 

IRON OXIDE -=-- -- -- =:%.-- - ---=a, 
w- 

I 11 I, 

PURIFIED GAS 

Figure 16-1. Schematic flow diagram of basic iron-oxide purification process as 
employed for low-pressure manufactured gas. 

up to 14 superimposed removable baskets, each basket containing one or two shallow lay- 
ers of iron oxide. The baskets were loaded and unloaded by use of traveling cranes. (Gun- 
tennann and Schnurer, 1957; Bairstow, 1957). 

3. Continuous Processes. In an attempt to reduce the size and operating cost of dry purifica- 
tion plants and to obtain more efficient utilization of the oxide, work on continuous iron- 
oxide processes was undertaken in Europe after World War 11. Probably the most success- 
ful was the "Gastechnik" process developed in Germany, which has been described by 
Moore (1956) and Sexauer (1959). More than 60 Gastechnik plants were in operation in 
Germany in 1956 and several were installed in England. The process used cylindrical tow- 
ers filled with a deep bed of roughly spherical oxide pellets. Pellets were periodically 
added to and removed from the bed through air locks without intenuption of the gas flow. 
After removal, the pellets were contacted with perchlorethylene for the extraction of sul- 
fur, then returned to one of the towers. 

4. High-pressure Purifiers. Although the widespread use of iron-oxide purifiers for high-pres- 
sure gas is a relatively recent development, a plant treating 15 MMscfd of natural gas at 
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325 psig was described as early as 1944 (Turner). Typical high-pressure installations have 
used iron sponge in deep beds (e.g., 10 ft deep). Additional details of high-pressure iron- 
oxide purifiers are given in a later section entitled “Current Applications of Iron Sponge.” 

Basic Chemistry. The basic chemistry of the process can be represented by the following 
equations: 

2Fe203 + 6H2S = 2Fe2S3 + 6H20 (16-1) 

2Fe2S3 + 3 0 2  = 2F%03 + 6 s  ( 16-2) 

Combining equations 16-1 and 16-2, 

6H2S + 3 0 2  = 6H20 + 6 s  ( 16-3) 

Reactions 16-1 through 16-3 represent a simplified mechanism for the process, and, depend- 
ing on operating conditions, a number of other reactions may occur. Principal variables 
affecting the reaction mechanisms are temperature, moisture content, and pH of the purifying 
material. 

Iron oxide is also capable of removing mercaptans by the reaction (Zapffe, 1963): 

Fez03 + 6RSH = 2Fe(RS)3 + 3H20 ( 16-4) 

When used for scavenging traces of sulfur from natural gas in the absence of air, the princi- 
pal reactions are 16-1 and 16-4. 

There are several forms of iron oxide known, but two, namely a Fe203.H20 and T 
Fe2O3.H20. are considered to be particularly useful as purifying materials (Griffith, 1954; 
Ward, 1964). Some Fe304 (equivalent to F%03-FeO) may also be present. Extensive tests 
have shown that the iron oxide must be present as a true hydrate, not just wetted iron oxide, 
to be effective in removing sulfur compounds from the gas (Anerousis and Whitman, 1984). 
The hydrated iron oxides react readily with hydrogen sulfide, and the resulting femc sulfide 
is easily reoxidized to an active form of femc oxide. The cycle proceeds most satisfactorily 
at moderate temperatures, approximately 100”F, and in an alkaline environment. At tempera- 
tures above 120°F and in neutral or acid environments, femc sulfide loses its water of crys- 
tallization and changes into a mixture of FeSz and Fe8S9. These sulfides are not readily 
reconverted to hydrated ferric oxide, but oxidize slowly to ferrous sulfate and polysulfides, 
neither of which are useful for hydrogen sulfide removal. 

Excellent discussions on the properties of purification materials have been presented by 
Smith (1957) and Ward (1964). The physical mechanism of hydrogen sulfide absorption by 
iron oxide was investigated by Avery (1939) and Dent and Moignard (1950). The studies 
showed that under proper conditions of temperature, moisture content, and pH, the sulfur 
formed on the oxide particle is continuously displaced by iron oxide, which migrates from 
the particle center to the surface, thus exposing fresh oxide for further reaction with hydro- 
gen sulfide and oxygen. 

Moignard (1952, 1955) recommended the use of supported iron oxide of a coarse and 
open texture, low bulk density (on the order of 20 to 25 lbku ft, dry), and the highest possi- 
ble moisture content (30 to 50%) consistent with free gas flow. An optimum pH range of 8 to 
8.5 is also recommended. Grades of iron sponge currently available contain nominally 6.5,9, 
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Table 16-2 
Typical Specifications fur 15-lb Iron Sponge 

Water Content (Loss on Drying, wt%) 

Iron Sponge Product 30.60 
Iron Oxide Particulates 17.70 

Size Distribution of Iron Oxide Particulates, wt% 

Retained on mesh 
16 
30 
60 

100 
140 
200 
325 
400 

Smaller than 400 mesh 

4.22 
54.62 
32.72 
4.49 
1.58 
0.79 
1.06 
0.26 
0.26 

Chemical Analysis of Dried Iron Oxide Particulates, wt% 

Iron as F%03 58.67 
Iron as Fe304 20.40 
Sulfur as S 0.49 

Zinc as Zn 0.01 
Lead as Pb 0.01 
Silicon as Si ,  1.02 
Aluminum as A1 0.02 
Phosphorus as P 0.02 

Copper as Cu 0.1 1 

Balance primarily wood substrate material 

Flooded pH (1) 10.2 
Leachable pH (2) 7.88 
Weight of Iron Oxide, lbhushel 17.61 

Notes: 1. FlwdedpH is determined by soaking a bushel of iron sponge in an excess of distilled water 
for 24 hours, then measuring the pH of a representative sample of the water. 

measuring the p H  of the water. 
2. Leachable pH is determined by recycling 100 ml of distilled water over 1 g of sponge, then 

Source: Anerousis and Whitman, 1984. 

and 15 lb of active iron oxide per bushel (one bushel is 1.25 cu ft) (Anerousis and Whitman, 
1984). Typical specifications for 15-lb sponge are given in Table 16-2. 

The two most important criteria for the selection of purifying materials are capacity and 
activity. Theoretically 1 lb of femc oxide absorbs 0.64 Ib of hydrogen sulfide when com- 
pletely transformed to iron sulfide. In operations without oxygen addition this value is not 
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attainable, although capacities as high as 0.56 lb sulfurflb femc oxide have been reported 
(Taylor, 1956; Perry, 1970). In general, it is assumed that about 50% of the theoretical sul- 
fiding capacity is attainable in the first cycle of operation and the capacity decreases progres- 
sively with additional cycles. When oxygen is present in the feed gas, much higher capacities 
can be obtained. Final sulfur contents as high as 2.5 lb sulfur/lb iron oxide have been report- 
ed (Taylor, 1956). 

Current Applications of Zron Sponge. While iron sponge is no longer used for treating 
large volumes of natural gas, it is still widely used for removing hydrogen sulfide from small 
volumes of moderately sour natural gas at sites remote from gas processing plants. The sor- 
bent material consists of wood chips or shavings impregnated with hydrated femc oxide, 
Fe203, and sodium carbonate to control pH. It is used as a fixed bed in a vertical, cylindrical 
vessel with downflowing gas. Spent material is periodically removed from the vessel and 

Liquid i n w  & 

Testtaps- 

Coarse ~ p s c k i n g  --I- 

Figure 16-2. Typical iron sponge contactor for elevated pressure natural gas service. 
(Anemisis and bWman, 1984). 



replaced with fresh sponge. A diagram of a typical iron sponge contactor for natural gas 
purification is shown in Figure 162. 

Key mechanical features of iron sponge (and other solid bed) contactors are 

1. Top and bottom manways for loading and unloading sorbent material. 
2. A porous bed support strong enough to carry the full weight of the bed plus the calculated 

3. Pressure sensors on the feed and outlet gas lines to indicate possible bed plugging or 

4. Gas sample taps at the bed inlet and outlet and at several intermediate points in the bed to 

gas pressure drop, and designed to retain fine particles of sorbent. 

collapse. 

permit monitoring of the sour gas front position and avoid breakthrough. 

Two iron-sponge beds are often used in series, with a valve and manifold system to permit 
the lead unit to be removed from service, emptied, recharged, and placed back in service as 
the final unit without interrupting gas flow. Since the bed must be kept moist for effective 
operation, many iron sponge vessels have a water spray above the bed or a liquid injection 
line in the inlet gas line. 

The following design and operating guidelines for iron sponge scavenging systems are 
based on the publications of Schaack and Chan (1989) except as otherwise indicated. 

1. Operation at 65"-115"F is recommended to minimize wax deposition on the chips and 
achieve effective hydrogen sulfide removal. 

2. If regeneration with air is not practiced, the use of sponge containing 15-lb active iron 
oxide per bushel is recommended. With air regeneration, 9 l b h s h e l  sponge is preferred. 
Two additional grades of sponge are available: 6.5 and 20 lbhushel. When properly 
packed in the vessel, a bushel of sponge occupies about one cu ft. 

3. A bed height of I O  ft is recommended for general use; greater depth results in bed com- 
paction and increased pressure drop unless tray or grid supports are provided. Maddox 
(1974) recommends a minimum bed height of 4 to 10 ft. Anerousis and Whitman (1984) 
recommend 10 ft minimum for HzS and 20 ft if mercaptans are present. 

4. A maximum superficial gas velocity of 10 ft/min is recommended. The gas velocity 
should be limited to a value that results in no more then 15 grains of sulfur deposition per 
minute per square foot of bed cross-sectional area. 

5. The moisture content should be maintained at 40% by weight, plus or minus 15%. Man- 
ning and Thompson (1991) recommend a moisture content of at least 20%. 

6. Manning and Thompson (1991) state that about one pound of sodium carbonate should be 
included per bushel of sponge to assure an alkaline environment. During operation, the pH 
of water in the bed should be maintained between 8 and IO by the addition of sodium car- 
bonate. 

7. A design loading of about 0.42 lb sulfurflb iron oxide is recommended if regeneration 
with air is not practiced. For the case of 15 lwbushel sponge this is equivalent to a loading 
of about 6.2 lb sulfur/cu ft of sponge. 

Although iron sponge is not considered hazardous, it must be handled with care, and 
unnecessary contact should be avoided. Precautions must be taken during the removal of 
spent material to prevent fires. If the material is allowed to dry out in the presence of air, oxi- 
dation of the highly reactive iron sulfide can generate enough heat to ignite the wood chips. 
To prevent this, it is recommended that sufficient water be sprayed on spent material 
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exposed to air to maintain its temperature below 120°F until controlled oxidation has 
occurred (Schaack and Chan, 1989). 

SulfaTreat Process. The SulfaTreat process offered by The SulfaTreat Co. is similar in 
operation to the iron sponge technique for removing hydrogen sulfide and mercaptans from 
gas streams. It also uses one or more fixed beds of granular, iron oxide-containing material 
in simple pressure vessels with downflow of gas. The principal difference is that, instead of 
iron sponge, the process uses a proprietary granular material called SulfaTreat. The process 
and bed material are described by Samuels (1990) and Wendt (1991). 

According to the manufacturer, SulfaTreat is a substantially dry, free-flowing material, 
composed of a unique, proprietary iron compound mixed with supplemental chemicals, 
which has been granulated to facilitate ease of handling. The insoluble particles range in size 
between 4 and 30 mesh, and have a bulk density of 70 lblcu ft (Gas Sweetener Associates, 
Inc., 1991). 

The iron oxide in SulfaTreat is reportedly present in two forms: Fe203 and Fe304. Hydro- 
gen sulfide reacts with both forms to produce a mixture of iron sulfides. The conversion effi- 
ciency in commercial operations has been found to range between 0.55 and 0.716 Ib H2S 
reactedAb of iron oxide (Samuels, 1990). This is somewhat higher than the value of 0.42 lb 
sulfur (or 0.45 lb H2S) Ab iron oxide recommended for iron sponge bed design. 

Some of the advantages claimed for SulfaTreat over iron sponge are 

1. No risk of fire during change-out (non-pyrophoric). 
2. Easier change-outs because the material does not become cemented. 
3. Low pressure drop without gas channeling because of uniform porosity. Pressure drop can 

4. Control of pH and the presence of liquid water are not require$ however, the gas must be 
be estimated by use of the &gun equation (see Chapter 12). 

saturated or nearly saturated with water for good efficiency. 

According to Samuels (1990). replacing iron sponge with SulfaTreat in a Canadian instal- 
lation resulted in significant improvements in operation and economics. Although material 
costs were higher for SulfaTreat, the overall costs were lower due primarily to fewer 
required change-outs. For a six-month period in 1988, treating costs, including labor, materi- 
al, and disposal, averaged $6.16Ab of H2S removed with iron sponge in the units. During the 
same months in 1989, with SulfaTreat, costs averaged $5.37/lb of H2S removed. In 1994, it 
was reported that over 400 SulfaTreat plants were in operation or planned (The SulfaTreat 
Co., 1994). 

Zinc Oxide-Based Processes 

High-Temperature Nonregenerative Processes. For many years zinc oxide has been 
the preferred sorbent for removing traces of hydrogen sulfide from natural gas feed to steam- 
hydrocarbon reformem producing synthesis gas for the production of ammonia and other 
petrochemicals. The zinc oxide is typically in the form of cylindrical extrudates 3 4  mm in 
diameter and 4-8 mm in length. Several forms are available for operation at temperatures 
from about 400" to 750°F. 

In cases where the natural gas contains stable organic sulfur compounds, it is necessary to 
use a hydrogenation catalyst, such as cobalt-molybdenum, ahead of the zinc oxide bed to 
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convert the organic compounds into the more reactive hydrogen sulfide. A typical flow 
arrangement for an ammonia plant is shown in Figure 16-3. The hydrogenation catalyst 
operates at essentially the same temperature as the zinc oxide and serves to convert organic 
sulfur compounds into the more reactive hydrogen sulfide. (The catalytic conversion of 
organic sulfur compounds to hydrogen sulfide is discussed in Chapter 13.) 

Hydrogen sulfide reacts with zinc oxide by the following reaction: 

ZnO + H2S = ZnS + H 2 0  (1 6-5) 

The equilibrium constant for this reaction is 

where PH20 and PHZS are the partial pressures of water vapor and hydrogen sulfide, respec- 
tively, in the gas phase. 

As shown in Figure 16-4, the equilibrium constant decreases rapidly with temperature. At 
the high operating temperature used in these reactors, equilibrium is closely approached, 
and, therefore, the product gas hydrogen sulfide concentration can be estimated accurately 
with equation 16-6, if the temperature and water vapor concentration are known. 
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Figure 16-4. Equilibrium constant, K,,, for the reaction: ZnO + H2S = ZnS + H20, where 
Kp = P 4 P H 9  (Haldor Topw,  1986) 

The design of zinc oxide units for high-temperature hydrogen sulfide removal is relatively 
straightforward and based on extensive operating experience. Because of the uniformity of 
commercial shapes, pressure drop can be calculated on the basis of conventional correlations 
such as the Ergun equation (see Chapter 12) or manufacturers' data. The maximum sulfur 
loading is in the range of 3 0 4 0  lb sulfur/l00 lb sorbent, dependent on the specific material 
used. Because of the extremely low levels of hydrogen sulfide involved, beds are usually 
designed to last over a year. 

In operation, a reaction zone gradually moves through the bed with completely reacted 
zinc sulfide behind this zone and essentially unreacted zinc oxide ahead of it. The length of 
the reaction zone normally represents a portion of the bed that cannot be fully utilized, and it 
is therefore desirable to make it as short as possible. Increasing the temperature helps by 
increasing the rate of diffusion within the solid particles. Almost complete conversion of 
zinc oxide can be obtained by using two beds in series, installed so that each bed can be used 
as the fiist in the series before it is changed out. 

Low-Temperature Zinc Oxide (ZCZ) Process. Imperial Chemical Industries (ICI) of 
Britain reported the development of a form of zinc oxide that performs more efficiently than 
conventional forms at low temperatures (Carnell, 1986). The IC1 material has a slightly 
reduced density and greatly increased porosity and surface area. The performance of this 
product is compared with a conventional high-temperature zinc oxide in Figure 16-5. The 
figure indicates that the new material is significantly more effective than standard zinc oxide 
in the temperature range of about 100" to 400°F. 

Camell (1986) provides information on the first commercial application of the IC1 zinc 
oxide sorbent on a North Sea oil platform. Although the material is capable of removing 
hydrogen sulfide from gases at low temperatux, its performance does improve with tempera- 
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Figure 16-5. Accelerated breakthrough tests for new IC1 and szandard zinc oxide using 
natural gas. (&me//, 1- 

ture, so it was installed downstream of a compressor to take advantage of the heat of compres 
sion. This provided an inlet gas at about 300°F. A simplified flow diagram of the installation 
is shown in Figure 166. Operating experience with the system over an 18-month period 
showed it to be completely reliable and predictable. The spent bed, containing in excess of 20 
wt% sulfur, is discharged by gravity flow and may be wprocessed for metal recovery. 

IC1 Katalco offers the low-temperature zinc oxide process as part of a family of fixed-bed 
processes under the trademark, Puraspec. The Puraspec processes employ combinations of 
catalysts, catalytic absorbents, and regenerable adsorbents to remove a wide variety of impu- 
rities from gases and hydrocarbon liquids (IC1 Katalco, 1991). Each process is custom 
designed to meet the specific requirements of the purification problem. The composition of 
the materials used is considered proprietary. 

The operation of a Puraspec plant that removes hydrogen sulfide from natural and associat- 
ed gas is described by Siemek (1993). The plant was commissioned in April 1990. It consists 
of two fixed-bed reactors in series, with interconnecting piping to allow either reactor to be 
operated in the lead position. In a test operation shortly after startup, the unit reduced the 
hydrogen sulfide concentration of 5 1,OOO cu m/h (46 MMscfd) of gas from 53 mg/cu m to 0.6 
mg/cu m. The absorbent in the lead bed was replaced in October 1991. The spent material was 
found to contain more than 200 kg sulfur/cu m. The reactor was recharged with new sorbent 
and placed in the lag position. The sorbent in the second bed was similarly discharged and 
replaced in August 1992. Arrangements were made for reprocessing the spent bed material for 
metal recovery by IC1 Katalco through its Catalyst Care Program (Siemek, 1993). 
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Figure 16-6. Three-bed zinc oxide system for desulfurizing associated gas on an 
offshore platform. (&me//, 1986) 

Alkaline Solids 

Sofnolime RG. This process, which is licensed by Molecular Products Ltd., UK, uses fixed 
beds of an alkaline granular solid called Sofnolime RG. The material is claimed to be a syn- 
ergistic mixture of hydroxides that reacts with acid gases such as H2S, COS, C02, SO2, and 
RSH. Typical reactions are 

2NaOH + H2S = Na2S + 2H20 ( 1  6-7) 

Ca(OH)* + C 0 2  = CaC03 + H20 (16-8) 

The sofnolime RG granules are sandwiched between a ceramic ball support layer beneath 
the bed and a top layer of ceramic balls to retain the bed. Gas (or liquid) flow is upward. As 
of early 1994, there were 15 installations worldwide (Molecular Products Ltd., 1994). 

Liquid Absorption Processes 

Imn Oxide Slmy 

Slurrisweet Process. The Slurrisweet process was developed by Gas Sweetener Associates 
as a process that would utilize the same chemistry as the iron sponge process, but avoid 
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some of the difficulties of loading and unloading the contactor and of disposing of the spent 
material (Sivds, 1982). The process was later developed further and offered commercially; 
however, the process is no longer being marketed (Bucklin, 1994). The technology is based 
on the use of a slurry of iron oxide particles in water to contact the gas and react with the 
hydrogen sulfide. According to Schaack and Chan (1989) air must be injected into the sour 
gas stream to attain high absorption efficiency for H2S and stabilize the solution. They also 
report that problems of foaming, short batch life, rapid settling of the slurry, and corrosion 
were encountered in early plants, but were later resolved by process changes and the use of 
additives. 

Zinc Oxide Slurry 

Chemsweet Process. Chemsweet is Natco's trademark for a white powder formulation 
containing inorganic zinc compounds that is mixed with water to form the absorbent for this 
process. According to Manning et al. (1981), the powder contains zinc oxide, zinc acetate, 
and a dispersant to keep the zinc oxide particles in suspension. One part of powder is mixed 
with five parts of water to give the desired slurry density. The zinc acetate dissolves to give a 
controlled source of zinc ions. These react instantly with dissolved hydrogen sulfide to form 
insoluble zinc sulfide and acetic acid. The acid causes additional zinc to go into solution. 
The chemical reactions can be represented by 

ZnAc:, + HZS = ZnS + 2HAc 

ZnO + 2HAc = ZnAc2 t H20 

(16-9) 

(16-10) 

Equation 16- 1 1 represents the overall reaction: 

ZnO + H2S = ZnS + HzO (16-11) 

The process is carried out in a simple, vertical bubble contactor as shown in Figure 16-7. 
The contactor is equipped with inlet and outlet gas nozzles, slurry feed and overflow nozzles, 
a drain, a manway, a mist eliminator, and a gas distributor. Gas bubbles rise from the distrib- 
utor and provide the agitation to keep the zinc oxide particles in suspension. 

The pH of the solution is maintained low enough to avoid carbon dioxide absorption, but 
high enough to minimize vessel corrosion. Additives buffer the slurry pH above 6.0 
(Schaack and Chan, 1989). The inlet gas must be saturated with water and free of liquid con- 
taminants. An efficient inlet separator is recommended (Manning, 1979). 

In the design of a zinc oxide slurry contactor, an expansion factor must be applied to the 
liquid volume at rest to account for the presence of gas bubbles during operation. Schaack 
and Chan (1989) suggest an expansion factor of 1.25; while Manning and Thompson (1991) 
recommend using 1.10 to 1.20. The latter authors point out that the bubbles rising through 
the slurry quickly attain a terminal velocity of about 48 ft/min. The superficial velocity, V,, 
is therefore related to the expansion factor, f, by the following relationship: 

V, = 48(f - l)/f (16-12) 
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Figure 16-7. Bubble tower proposed for Chemsweet process. (Manning, 1979 

If, for example, an expansion factor of 1.15 is selected, a superficial velocity of 6.23 ft/min 
can be used to calculate the required contactor diameter. 

In calculating the required contactor height, the liquid depth is determined on the basis of 
the desired time between charges, typically 15 to 90 days, and increased by the anticipated 
expansion. An adequate disengagement space must be allowed between the top of the 
expanded liquid and the mist eliminator. 

The Chemsweet process has been used successfully in many commercial installations rang- 
ing in capacity from 5 Mscfd to 12 MM scfd. No difficulty has been experienced meeting the 
standard gas purity requirement of Vi grain H2S1100 scf, and the process is also reported to 
remove RSH and COS quantitatively (Houghton and Bucklin, 1994). The principal disadvan- 
tage of the process is the high cost of the reactan$ which has generally limited the applicabili- 
ty of the process to cases where low quantities of sulfur must be removed, and has caused 
many of the original installations to be replaced by other processes (Bucklin, 1994). 

Oxidizing Solutions 

Permanganate and Dichromate Solutions. Buffered aqueous solutions of potassium 
permanganate and sodium or potassium dichromate are used to remove completely traces of 
hydrogen sulfide from industrial gases. Processes employing such solutions are non-regener- 
ative and, because of the high cost of the chemicals used, are only economical when very 
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small amounts of hydrogen sulfide are present in the gas. Permanganate solutions are used 
quite extensively for the final purification of carbon dioxide in the manufacture of dry ice. 

A schematic flow diagram of the process is shown in Figure 16-8. The gas is contacted 
with the solution in two packed towers operating in series. The solution, which in the case of 
the permanganate process contains about 4.0% potassium permanganate and 1.0% sodium 
carbonate, is circulated until approximately 75% of the permanganate in either tower is con- 
verted to manganese dioxide. At that point, the spent solution is discarded and fresh solution 
is pumped into the tower. This can be done without interruption of the gas flow if sufficient 
active permanganate is available in each contact stage to ensure complete H2S removal. 
Dichromate solutions usually contain 5 to 10% potassium dichromate, zinc sulfate, and 
borax. In addition to hydrogen sulfide, traces of organic compounds such as amines are also 
removed quantitatively in these processes. 

Nitrite Solutions-The Sulfa-Check and Hondo HS-100 Processes. The Sulfa- 
Check process, developed by NL Treating Chemicals/NL Industries, Inc. and marketed by 
Exxon Chemical Co., is based on the use of a buffered aqueous solution of sodium nitrite to 
absorb and destroy hydrogen sulfide. The Hondo HS-100 process, offered by Hondo Chemi- 
cals, is believed to involve similar chemistry using potassium instead of sodium nitrite. The 
Sulfa-Check process is reviewed in the following section as an example of a nitrite-based 
system because considerable data are available on the technology (Dobbs, 1986; Bhatia and 
Allford, 1986; Bhatia and Brown, 1986; Schaack and Chan, 1989). 

The Sulfa-Check process utilizes a bubble tower similar to that used in the Chemsweet 
process. A typical unit is shown in Figure 16-9. The design differs slightly from that shown 
in Figure 16-7 in that a perforated pipe sparger is used instead of a distribution plate and a 
vane-type mist eliminator is used instead of a mesh pad. The initial charge of Sulfa-Check 
solution is gradually converted into a slurry containing particles of elemental sulfur and other 
precipitated solids as the solution absorbs hydrogen sulfide. When essentially all of the active 
nitrite has been consumed, the spent slurry is discharged and replaced with fresh solution. 

1ST CONTACTOR 2ND CDNTACTDR 

PURIFIED GAS 

STEAM 

m DRAIN 

Figure 16-8. Flow diagram of permanganate and dichromate processes. 
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Figure 16-9. Bubble tower proposed for Sulfa-Check process. (Dobbs, 1986) 

The chemistry of the Sulfa-Check process is quite complex, but the overall reaction can be 
represented by the following simple equation: 

3H2S + NaN02 = NH3 + 3s + NaOH + H20 + some NO, (16-13) 

In the presence of C02, the NaOH is neutralized to produce sodium carbonate and bicar- 
bonate in solution. Sodium bicarbonate is sparingly soluble and may appear with the solid 
phase in the slurry. The composition of a typical spent slurry is given in Table 163. 

The process has been widely used. In 1986, it was reported that more than 100 units were 
in operation in the U.S. and Canada (Bhatia and Brown, 1986). Advantages claimed for the 
process include 

1. The spent slurry is classified as a nonhazardous waste. 
2. The slurry is noncorrosive to mild steel. 
3. Change-out of spent absorbent is simple. 
4. Equipment is simple and low in cost. 

The scrubbing vessel contains only two intemals: a gas sparger at the bottom and a mist 
eliminator at the top. The vessel size is determined by the feed gas flow rate and pressure, the 
hydrogen sulfide content of the gas, and the desired turnaround time. Design guidelines include 

1. Optimum efficiency is in the temperature range of about 75" to 110°F. 
2. Maximum superficial velocity of gas in the vessel should be below 0.16 ft/sec. 
3. The quantity of solution required is 0.0473 gaVMMscf per ppm of H2S in the gas. 



1314 Gas Purification 

Table 16-3 
Typical Spent Slurry of the Sulfa-Check procesS 

Component 

Water 
Nitrite 
Nitrate 
Bicarbonate 
Carbonate 
Sulfate 
Tetrathionate 
Ammonium 
Sodium 
Sulfur 
Sodium Bicarbonate 
Sodium Sulfate 
Sodium Tetrathionate 

Total 

Composition, wt % 
_____ ~ 

Liquid 
36.7 
1 .o 
0.9 
8.2 
1.2 
1.7 
2.5 
0.3 
7.3 

59.8 

Solid 

20.2 
17.7 
0.7 
1.6 

40.2 
Note: The spent slurry had a pH of 8.0 and contained no heavy metals, cyanides, sulfides, or 

Data of Bhatia andAllford (1986) 
chlorinated organic compounds. 

4. The liquid height, in feet, required to effectively remove hydrogen sulfide from the feed gas is 
equal to 2.5 times the logarithm of the H2S concentration, in ppm. For example, the removal 
of 10 ppm requires a liquid height of at least 2.5 ft while I00  ppm requires at least 5.0 ft. 

After selecting a desired turn-around time, these criteria can be used to estimate the 
required contactor diameter and height. The overall height must include a margin of safety in 
the liquid depth, room for liquid expansion during operation, droplet disengaging space, and 
a mist-eliminator zone. 

As indicated by equation 16-13, the Sulfa-Check process produces a small amount of 
NO,. Normally only NO is produced; however, the presence of air and other impurities 
appears to accelerate the formation of NO and cause a portion to be oxidized to NO,. When 
the carbon dioxide concentration in the feed is low, the release of ammonia into the product 
gas is also enhanced (Schaack and Chan, 1989). As a result of these considerations, the 
Sulfa-Check process may not be applicable when 

1. Air is present or injected into the gas stream. 
2. The feed gas contains less than about 0.18 CO2. 
3. Sweetened, undiluted gas is sold directly to a utility. 

Aldehyde Processes 

A number of hydrogen sulfide scavenging processes have been developed that make use 
of the rapid reaction between an aldehyde, such as formaldehyde, and H2S. Typically, the 
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absorbent is a mixture of formaldehyde and methanol. Schaack and Chan (1989) list the fol- 
lowing formaldehyde-methanol-based processes: Scavinox; Prohib- 196; Champion Exp 
Cortron JS-49-4; Baker Magnatreat M118W (formerly Dichem El 18W); Techniscav; and 
Couger H-925. Several of these processes were experimental or used for a limited number of 
applications. Others have been used quite extensively; however, it is believed that use of this 
technology is decreasing. 

Considerable design and operating data for the Scavinox process are given by Schaack 
and Chan, and these data form the principal basis for the following discussion. The chem- 
istry of the hydrogen sulfide-formaldehyde reaction is quite complex, producing cyclic cw- 
bon-sulfur compounds and, to a lesser extent, mercaptans. The main reaction path can be 
represented by 

( 16- 14) 

(formaldehyde) (trithiane) 

The formaldehyde and reaction products, particularly the reaction products with mercap- 
tans, give the spent chemicals a strong, objectionable odor. This problem and the difficulty 
in disposing of waste material have probably been the principal reasons aldehyde-based 
processes have not found wider application. 

The liquid reactant can be used either by injection into producing wells or flowlines or, 
preferably, as the absorbent in a bubble tower gas-liquid contactor similar to those previous- 
ly described for the Chemsweet and Sulfa-Check processes. An advantage of the formalde- 
hyde-methanol mixture over water-based solutions or slurries is its low freezing point. The 
typical composition is about 60% formaldehyde and 40% methanol which has a freezing 
point in the -58°F range. Reducing the contact temperature reduces the reaction rate; howev- 
er, in one Canadian installation, Dome Petroleum Ltd. was able to attain 100% hydrogen sul- 
fide removal with the gas temperature as low as 32°F (Schaack and Chan, 1989). 

Potential problems with formaldehyde-based processes are the objectionable odor of both 
the fresh and spent solutions and the tendency of the solutions to polymerize and flocculate. 
The latter phenomena can cause plugging of the contact equipment, make clean-out difficult, 
and, if deep well injection is used for waste disposal, cause plugging of the formation. Floc- 
culation can be avoided by diluting the mixture with two or three parts water, but this 
increases the volume of each charge required for a given change-out schedule. Deposits in 
the equipment can be cleaned out by use of dilute caustic; however, polymer deposits in the 
formation cannot be removed readily and may rule out this type of disposal. 

Alkylamine/AMehyde Condensation products 

Solutions of alkylamindaldehyde condensation products have been used in several sulfur-scav- 
enging processes. The spent solution is free of sulfur parhcles, and no nitrogen oxide gases are 
formed however, it has a very obnoxious odor. It is reported to have corrosion-inhibition proper- 
ties and to be approved for Class 1, non-hazardous, deep-well disposal (Houghton and Bucklin, 
1994). Examples of processes in this category are Gas Treat 114, Gas Treat 115, and Gas Treat 
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117, which are developments of Champion Technologies, Inc., and Sulfa-Check 6138 and Sulfa- 
Check 6139, which were developed by Exxon Chemical Co. (Houghton and Bucklin, 1994). 

Polpmine Solutions 

The Sulfa-Scrub process, developed by Quaker Chemical Corp. and marketed by Petrolite, and 
the Sulfa-Guard process, offered by Coastal Chemicals, are examples of polyamine-based process- 
es. A description of the Sulfa-Scrub pncess, based on papers by Dillon (1991 A, B), follows. 

The Sulfa-Scrub process utilizes a cyclic polyamine of the triazine class to absorb and 
react with hydrogen sulfide. The chemical formulas for a specific triazine, 1,3,5 tri-(2 
hydroxyethy1)-hexahydro-5-triazine, and products of its reaction with H2S are shown in Fig- 
ure 16-10. It is reported that the process will also remove mercaptans, but not COS. 

Advantages claimed for the Sulfa-Scrub process include 

1. The absorbent is a liquid. 
2. It is selective for H2S in the presence of C 0 2 .  
3. The reaction products are water-soluble liquids. 
4. The reaction products are excellent corrosion inhibitors. 
5. The spent material is nonhazardous and has a low toxicity. 

Example triazine: 

CH;!-N-CH;!-CH;!-OH 
/ \ 

\ / 
HO-CHZ-CHZ-N CHZ 

CHz-N-CHz-CH;!-OH 

1,3,5 tri- (2hydroxyethyl)- hexahydro-5- triazine 

Example products: 

/ \  

\ /  
cH2-s 

CH*-S S-CH2 
/ \  

\ /  
S-CHz 

CHZ-S-S-CH2 N-CHZ-CH2-OH HO-CHz-CH2-N 

Bis-dithiazine 

S-CH;! 
/ \  

\ /  
S-CH;! 

Dit hiazine 

CHI N-CH;!-CH*-OH 

Figure 16-10, Chemical formulas of triazine and typical reactiin products. (Dillon, 19918) 
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Since the absorbent and waste products are liquids, the process can be operated in either a 
batch or continuous mode. Data from treating trials at two plants are given in Table 16-4. 
Case A was operated as a batch process using a conventional bubble tower. Case B was a 
continuous operation with the triazine injected into the gas ahead of a converted iron sponge 
tower. In both cases, complete hydrogen sulfide removal was observed. Triazine product 
consumption ranged from 0.04 to 0.06 gaVMMscf per ppm of H2S in the feed gas. 

Caustic Scrubbing 

The general subject of caustic scrubbing to remove acidic impurities from gas is discussed 
in Chapter 5. As pointed out in that discussion, hydrogen sulfide can be absorbed selectively 
in the presence of carbon dioxide if a short-residence-time contactor is employed. The Koch 
Engineering Company offers such a system based on the use of a Koch static mixer as the 
short-residence-time contactor (Koch, 1986). The mixer is installed in the line leading to a 
high-efficiency separator that removes entrained droplets of spent caustic from the gas. 
When used for H2S scavenging, the reaction product is sodium bisulfide, NaHS (or NaSH), 
and the process is sometimes called the NaSH process. 

According to Manning and Thompson (1991), two or three mixer settler contact stages are 
needed to make pipeline-quality gas. However, a single stage may be adequate when high 
purity gas is not required, as in the production of fuel gas for local use in field heater sys- 

Table 16-4 
SuHa-ScNb Plant Operating Tests 

Line Injection Followed by 
Bubble Converted Iron 

Type of Contactor Tower Sponge Tower 

Tower Design 
Diameter, ft 3.0 3.5 
Height, ft 30 20 
Capacity, cu ft 184 192 
Mist eliminator Pad Pad 

Temperature, OF 85 95 

H A  PPm 32 35 

Treated gas H2S, ppm 0 0 
Run time, days 45 

Feed Gas 
Rate, MMscfd 4.0 14.5 

Pressure, psig 700 780 
Superficial vel., ft/s 0.15 0.45 

Results, 

- 
Triazine used, gaud 8.0 20.3 

g d p p m  H2S/MMscf 0.06 0.04 
Data of Dillon (1991A) 
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tems. Typically, a single stage will reduce the hydrogen sulfide content of the gas from 7,500 
ppm to about 600 ppm. 

The caustic is usually received as a 50% solution and diluted to 20% for use in the 
process. Softened water is desirable as the diluent to avoid scaling problems. In most oil 
field installations, the spent solution is diluted with production water and disposed of by 
injection into the formation. The overall process is more complex than most batch systems. 
In addition to the static mixers and separators, the process needs storage tanks for concen- 
trated and dilute caustic and for spent solution; recycle and makeup pumps; and an instru- 
mentatiodcontrol system. The process has several advantages over other scavenging sys- 
tems, including the use of a readily available, low-cost chemical; compact size; and the 
production of a waste product, NaHS, which has the potential for reuse in other industrial 
processes such as paper manufacture. 

Comparison of H$ Scavenging Processes 

Several attempts have been made to evaluate and compare hydrogen sulfide scavenging 
processes based on economic analyses. Unfortunately, such studies are of limited value 
because they are highly dependent on the specific conditions and assumptions used in the 
study. Also, other factors, such as the environmental acceptability of the reactant and its 
waste products, operator acceptance of the process, and winterizing requirements, may be 
more important than cost in selecting a process. The very high rate of process modification, 
new process development, and removal of existing processes from the market also makes 
comparative evaluation difficult in this field. 

Schaack and Chan (1989) made both economic and qualitative comparisons of six differ- 
ent scavenging processes. Table 16-5 gives the results of their qualitative evaluation, which 
is intended to include both economics and operational characteristics. The Scavinox process 
scored highest in this analysis, but is no longer marketed under this name. A related process, 
Di-Chem, which also appears to be commercially unavailable, scored third in the analysis, 
but appreciably below the second process, Sulfa-Check. The commonly used iron sponge 
process produced the lowest (worst) score. 

An economic evaluation of four scavenging processes was presented by Trahan and Man- 
ning (1992), and in 1994 Houghton and Bucklin reported the results of an economic study 
covering nine different scavenging processes and four sets of conditions. Table 16-6 pre- 
sents a comparison of operating costs for all three studies. The costs are given as dollars per 
ton of sulfur removed in order to minimize the effects of differences in plant size and sulfur 
concentration on the results. The Schaack and Chan results are in 1987 Canadian dollars. 
The others are in U.S. dollars as of the approximate date of the references. The Schaack and 
Chan iron sponge-process data reported in the table are for a two-bed system. They also give 
data on a single-bed iron sponge unit, but the results show an unreasonably high operating 
cost due in part to the inclusion of a cost of lost gas production for a 48-hour period while 
the single bed is being recharged. 

The results compiled in Table 166 appear to indicate 

1. Operating costs per ton of sulfur are not strongly affected by plant size or H2S concen- 

2. Caustic scrubbing has the lowest operating cost. 
3. The Hondo HS-100, iron sponge, and Sulfatreat processes generally show the second-low- 

tration. 

est operating costs (if the Schaack and Chan result for iron sponge is neglected). 
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Table 16-5 
Scavenging Process Qualkitive Comparison 

Plwces Selection Index 

Scavinox 22.9 
Sulfa-Check 22.8 
Di-Chem 16.9 
Slumsweet 16.5 
Zinc oxide sluny 15.8 
Iron sponge (one tower) 15.1 
Iron sponge (two towers) 15.1 

Notes: 
Selection index = C + 0 + P + 0.2W i 0.5.5 + 0.4A 
Where C = Capital cost; 0 = Operating cost; P = 
Process reliability; W = Winterization constraints; 
E = Ease of Operation; and A = Operator acceptunce 

Data from Schaack and Chan (1989) 

A comparison of capital cost estimates from the two economic studies that provide such 
information is given in Table 167. The data are given as dollars per million standard cubic 
feet per day (MMscfd) plant capacity. Results of the two studies are not directly comparable 
because the Schaack and Chan estimates are based on a grass-roots plant and include such inci- 
dental items as heated process buildings for water-based processes, truck loading dock and 
shelter where needed, and a water well with pump. The Houghton and Bucklin estimates (US. 
dollars) are based on the principal items of equipment only and a more recent time period. 

Results of the capital cost comparisons generally show the caustic scrubbing and amine- 
based processes to be the least expensive followed by the other liquid processes. The solid 
bed processes have the highest capital costs. 

Houghton and Bucklin (1994) included an evaluation of the IC1 Low Temperature Zinc 
Oxide Process; however, the operating costs proved excessive, so only a single, low sulfur con- 
centration case was studied. The chemical cost alone was about $4O,OOo per ton of sulfur 
removed. They concluded that practical applications of the zinc oxide process are generally lim 
ited to gases with very low sulfur content. The process may be particularly useful where space 
requirement is an important consideration, as on an offshore oil and gas production platform. 

Both operating and capital costs are highly dependent on the design bases and assump- 
tions. The data given in Tables 16-6 and 16-7 from reference A (Schaack and Chan, 1989) 
are based on a 30-day change-out period. They also considered a 60-day change-out period. 
This greatly reduced the operating costs, but increased the capital costs proportionately. Ref- 
erence B (Trahan and Manning, 1992) based their study on a variable change-out period, but 
a fixed-vessel diameter (30 inches). The data of reference C (Houghton and Bucklin, 1994) 
are based on both a variable change-out period and a variable-vessel diameter to provide a 
near optimum design for each assumed case. 

Houghton and Bucklin (1994) provide a summary of the organic sulfur removal capabili- 
ties of several commercial nonregenerative H2S removal processes. This information is 
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Table 16-6 
Operating Costs for Sulfur Scavenging Processes 

Reference 

Case 

Feed Gas Flow, MMscfd 
Feed Gas H2S content, ppmv 
Feed Gas Pressure, psig 

Iron Oxide, Dry Bed 
Iron Sponge 
Sulfatreat 

Iron Oxide, Slurry 
Slumsweet 

Zinc Oxide, Dry Bed 
ICI, ZnO 

Zinc Oxide, SIuny 
Chemsweet 

Nitrite Solution 
Hondo HS-100 
Sulfa-Check 

Aldehyde Solution 
Di-Chem 
Scavinox 

Amine Solution 
Sulfa-Guard 
Sulfa-Scrub 

Caustic Scrubbing 
NaSH 

A I  B I  C 

0.5 
400 
200 

Operating Costs, Dollars per ton of Sulfur Removed 

24,270 
- 

14,860 

- 

15,290 

- 
16,550 

23,060 
13,080 

- 
- 

- 

6,235 
6,588 

- 

- 

- 

- 
9,467 

- 
- 

8,823 
- 

- 

3,77 1 
3,714 

- 

41,724 

17,982 

4,422 
8,792 

- 
- 

8,177 
13,859 

3,242 

3,771 
3,630 

- 

- 

15,376 

3,841 
8,077 

- 
- 

7,214 
12,895 

1,401 

3,771 
3,625 

- 

- 

15,368 

3,820 
8,029 

- 
- 

7,158 
12,840 

1,346 

4,845 
3,998 

- 

- 

16,065 

4,036 
8,315 

- 
- 

7,990 
13,672 

2,179 
References: A )  Schaak and Chan, 1989: B)  Trahan and Manning, 1992; C )  Houghton and Bucklin, 

1994 

given in Table 16-8, which also identifies the basic process type and supplier. Data on the 
Sofnolime RG process provided by Molecular Products, Ltd. (1992) are also included. 

HIGH-TEMPERATURE, REGENERAWE SULFUR REMOVAL SYSTEMS 

The primary incentive for developing a process that can remove hydrogen sulfide from 
gas streams at high temperatures is its potential for improving the thermal efficiency of inte- 
grated-gasification-combined-cycle (IGCC) power plants. Conventional pulverized coal boil- 
er systems have efficiencies in the range of 30-3596. The IGCC system with hot gas cleanup 
has the potential to provide efficiencies in the range of 4 3 4 %  (Gupta and Gasper-Galvin, 
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Table 16-7 
Capital Costs of Sulfur Scavenging Processes 

Reference 

CaSe 

Feed Gas Flow, MMscfd 
Feed Gas H2S Content, ppmv 
Feed Gas Pressure, psig 

Iron Oxide, Dry Bed 
Iron Sponge 
Sulfatreat 

Iron Oxide, Slurry 
Slunisweet 

Zinc Oxide, Dry Bed 
ICI, ZnO 

Zinc Oxide, Slurry 
Chemsweet 

Nitrite Solution 
Hondo HS- 100 
Sulfa-Check 

Aldehyde Solution 
Di-Chem 
Scavinox 

Amine Solution 
Sulfa-Guard 
Sulfa-Scrub 

Caustic Scrubbing 
NaSH 

100 10 400 800 400 
1 ,000 510 510 510 200 

Capital Cost, Dolltu 
~ 

144,000 
- 

132,000 

- 

161,000 

- 
68,000 

84,000 
67,000 

- 
- 

- 

50,300 
50,300 

- 

27,000 

38,800 

38,800 
38,800 

- 
- 

16,600 
15,500 

15,500 

per MMscfd Feed Gas Capacity 

109,000 
95,400 

- 

- 

74,500 

63,800 
63,000 

- 

- 

28,200 
28,200 

30,600 
References: A )  Schaak and Chan, 1989; C )  Houghton and Busklin, 1994 

151,000 
115,000 

- 

- 

105,000 

74,500 
92,400 

- 
- 

3 1,500 
31,500 

45,300 

312,000 
347,000 

- 

- 

141,000 

249,000 
249,000 

- 
- 

125,000 
125 ,OOO 

136,000 

1991). Purification of the fuel gas at a temperature near that at which it is generated avoids 
the energy losses associated with cooling it to a conventional gas purification process tem- 
perature (typically about 100°F) and reheating it to the required gas turbine unit feed temper- 
ature. It is estimated that operating the gas purification system at an elevated temperature can 
increase the efficiency of an IGCC system by about 6% (Furimsky and Yumura, 1986). 

Although the development of a high-temperature desulfurization process can be justified 
on the basis of its effect on the IGCC system efficiency, it also offers potential benefits for 
other applications such as the purification of feed gases for high-temperature fuel cells and 
catalytic synthesis operations. Because of the potential importance of the process, the status 
of development of high-temperature desulfurization processes is reviewed, although there 
are no significant commercial applications at this time. 
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Table 16-8 
Impurity Removal CapabilMes of Non-Regenerable Sulfur-Scavenging procesSes 

Process Type and Impurities Removed 
Trade Name Licensor H2S RSH COS C02 

Dry Iron Oxide 
Iron Sponge 
Sulfatreat 

Dry Zinc Oxide 

Alkaline Solids 
Sofnolime RG 

Zinc Oxide Slurry 
Chemsweet 

Alkali Nitrite 
Hondo HS-100 
Sulfa-Check 

Gas Treat- 1 14 
Sulfa-Check 6138 & 6139 

SulfaGuard 
Enviro-Scrub 
Sulfa-Scrub 

Caustic Solution 
NaSH 

Puraspec 

AlkylamindAldehyde 

Polyamine 

various 
Gas Sweetener Assoc. 

IC1 Katalco 

Molecular Products 

Natco 

Hondo Chemical 
Exxon Chemical 

Champion Technol. 
Exxon 

Coastal Chemical 
Quaker Pet. Chem Co. 
Petrolite 

Koch Engineering 

Yes 
Yes 

Yes 

Yes 

Yes 

Yes 
Yes 

Yes 
Yes 

Yes 
Yes 
Yes 

Yes 

Yes 
Yes 

Yes 

Yes 

Yes 

No 
No 

Yes 
Yes 

Yes 
Yes 
Yes 

Yes 

No No 
No No 

Yes No 

Yes Yes 

Yes No 

No Some 
No No 

No No 
No No 

No No 
No No 
No No 

Yes Some 
Sofnolime RG data from Molecular Producrs, Ltd (1992), all orher data from Houghton and Bucklin 

(1994) 

Background 

Two basic approaches have been considered for high-temperature sulfur removal from 
gases: contact with reactive molten salts and contact with reactive solids. The molten salt 
approach has encountered several problems, including containment materials corrosion, salt 
vaporization, and salt solidification on cooling. As a result, recent efforts have concentrated 
on the use of reactive solids, and only this approach is discussed. 

The reactive solids concept is, in principle, very simple. The hydrogen sulfide is removed 
from the gas by reacting with a metal oxide to form a stable, non-volatile metal sulfide. The 
metal sulfide is then subjected to a regeneration step in which it reacts with oxygen and/or 
water vapor to remove the sulfur (usually as sulfur dioxide) and produce reusable metal 
oxide. Both the sorption and regeneration steps are carried out at elevated temperatures. 

The development of commercially viable processes is not nearly as simple. Some of the 
problems encountered in developing a suitable sorbent are particle breakup due to chemical 
changes and mechanical attrition; vaporization of key components such as zinc; and side 
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reactions such as the formation of metal sulfates. Even with an ideal sorbent there are major 
problems in developing the overall system and hardware. Fixed-bed systems require high 
temperature, high-pressure valves and produce a regeneration gas stream that varies in com- 
position and quantity during the cycle. Fluidized and moving bed systems are very suscepti- 
ble to particle attrition problems and require complex solids transport systems. Finally, all of 
the commercial and near-commercial, high-temperature, regenerative hydrogen sulfide 
removal processes produce sulfur dioxide, which presents a much more difficult disposal 
problem than the concentrated hydrogen sulfide stream produced by most low-temperature 
regenerative processes. Sulfur dioxide can be reduced to elemental sulfur, but the process 
requires a reducing gas, and only one commercial process is currently available (the Allied 
Process). Sulfur dioxide can also be sold as the pure compound or oxidized to sulfuric acid; 
however, the markets for these two chemicals are limited and/or site dependent. 
The state-of-the-art, as of about 1984, of hot desulfurization of coal gas streams is summa- 

rized by Jalan (1985). A comprehensive review of potential solid sorbent materials for hot 
gas desulfurization is presented by Furimsky and Yumura (1986). A number of metals 
known to have a strong affinity for sulfur are evaluated. The materials are classified into two 
groups: alkaline earth metal compounds such as calcium oxide, limestone, dolomite, and cal- 
cium silicate; and transition metal compounds such as iron oxide, zinc oxide, zinc ferrite, 
and manganese oxide. The key reactions of several metal oxides with hydrogen sulfide and 
the logarithms of the equilibrium constants for the reactions are given in Table 16-9. The 
positive values for log K generally indicate that all of the metal oxides except magnesium 
have a strong affinity for hydrogen sulfide. 

Table 16-9 
Log KValues forthe Reaction of Nletal Oxides with tl# at 1,000"K 

Reaction 
CaO + H2S +Cas + H 2 0  3.36 

FeO + HIS +FeS + H 2 0  2.29 
FeO + 2H2S +FeS2 + HzO + H2 0.58 

%Fez03 + 2H2S +FeS2 + 3U120 + XH2 1.77 

HFe304 + 2H2S +FeS2 + '%H20 + %H2 0.99 
MnO + H2S +MnS + H 2 0  2.80 
ZnO + H2S +ZnS + H 2 0  3.88 
MoOZ + 2HzS +MoS~ + 2H20 5.2* 
MOO3 + 3H2S +MoS~ + 3H2O + XS2 8.7* 
COO + H2S +KO& + H20 + %& 3.10 
NiO + H2S +NiS + H 2 0  4.1* 
NiO + H,S -&Ni,S2 + H 2 0  + !4S2 2.76 

MgO + HIS +MgS + H20 -1.79 

!@%03 + '5H2S +FeS + 35H20 + %S2 2.40 

%Fe304 + *%H2S +FeS + XH20 + MS2 1.99 

*extrapolated values 
Data of Furimsky and Yumura (1986) 
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ZT-2 

Iron oxide- and zinc oxide-based sorbents are used commercially for hydrogen sulfide 
removal from gases at low and moderate temperatures, and have therefore been considered 
for high-temperature applications. Iron oxide has the disadvantage of forming several stable 
oxides (e.g., FeO, F%03, Fe304) and transforms from one to another (and even to elemental 
iron) depending on the gas composition and other factors. Such transformations can acceler- 
ate sorbent attrition and the production of fines. All of the oxides can react with hydrogen 
sulfide; however, the reaction rates vary. Regeneration of iron sulfide with air and/or steam 
can be difficult because some part of the FeS appears to be inaccessible to the oxidant, and 
the regeneration offgas may contain elemental sulfur as well as sulfur dioxide, particularly 
when steam is present. 

Zinc oxide is very effective as a nonregenerable scavenger for hydrogen sulfide at low and 
moderate temperatures. Unfortunately, the pure oxide is difficult to regenerate completely 
because it undergoes sintering at a temperature of about 700°C (1,292"F); and, under some 
conditions, elemental zinc may form and be vaporized (Westmoreland et al., 1977). 

0.8 2 I granulation 

Zinc Ferrite and Titanate Sorbents 

Sorbent Development 

In order to overcome the problems of iron and zinc oxides when used alone, consideration 
was given to combination sorbents. The sorbent, zinc femte (ZnFezO4) was originally devel- 
oped by the U.S. Department of Energy/Morgantown Energy Technology Center 
(DOEIMETC) (Grindley and Steinfeld, 1981). The sorbent contains an equimolar mixture of 
zinc oxide and iron oxide calcined at 800" to 850°C (1,372" to 1,562"F) with a suitable 
binder (Gupta et al., 1992). 

Although zinc ferrite proved to be superior to either iron oxide or zinc oxide alone, it was 
found to have some limitations. According to Gupta and Gasper-Galvin (1991), zinc ferrite 
sorbents have a temperature limitation of about 649°C (1,200"F) due to iron oxide reduction, 
zinc vaporization, and particle sintering. They are also limited to the treatment of gases con- 
taining sufficient steam to inhibit reduction. As a result of these limitations, the development 
emphasis has shifted to a more stable zinc compound, zinc titanate. 

A key difference in the various zinc-based formulations is the rate of zinc loss due to 
vaporization. This is illustrated by Figure 16-11 from a paper on a DOE/METC program 
aimed at developing suitable sorbents for use in a high-temperature, high-pressure fluidized- 
bed reactor (Gangwal, et al., 1991A). The data were obtained in a thermogravimetric reactor 
(TGR) at atmospheric pressure and 650°C (1,202"F) with gas simulating the product of a 
KRW coal gasifier, but without H2S. Sorbents tested included Fe203, ZnO, ZnFezO4, TiO,, 
and three zinc titanate formulations described as follows: 

Molar Ratio, Bentonite Fabrication 

granulation 
L-3758 ZT-5 I ::: I undisclosed 

The results showed that the pure oxides-Fe203 and TiOexhib i ted  no weight loss with 
time (after an initial stabilization period) while ZnO lost weight rapidly. Zinc ferrite also 
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Agwe 16-11, Zinc loss rates for various sorbents in a thermogravimetric reactor. 
(Gangwal, et a/., 19914 

showed a significant rate of weight loss, while the three zinc titanate formulations showed very 
low losses. The best sorbent, designated ZT-2, lost about 1% of its weight after five hours. 

The DOE/METC report concludes that both zinc femte and zinc titanate sorbents have the 
capability to reduce the hydrogen sulfide concentration in coal gas to less than 20 ppm in a 
fluidized bed reactor. However, the zinc femte sorbents were found to suffer structural 
weakening and losses due to attrition and vaporization at temperatures above about 550°C 
(1,022"F); whereas, the zinc titanate sorbents, prepared by a proprietary granulation tech- 
nique, showed excellent sulfur capacity, regenerability, attrition resistance, and zinc vapor- 
ization characteristics at temperatures up to about 650°C (1,202"F). 

The development of sorbents for a moving bed system is described by Ayala et al. (1991). 
It was found that ellipsoidal pellets made by a rounding and densification process were more 
attrition resistant, but somewhat less reactive than extruded cylindrical pellets. Zinc titanate 
formulations were generally more attrition resistant than the corresponding zinc femte cases. 

Reactor Designs 
Zinc femte and zinc titanate sorbents have been extensively evaluated for fixed-bed reac- 

tors (Gangwal et al., 1989; Grindley and Goldsmith, 1987; Grindley and Steinfeld, 1985). 
However, according to Gupta et al. (1992), the fixed-bed reactor system has limited practical 
potential because of (1) the need for high-temperature, high-pressure valves; (2) the difficul- 
ty of handling the heat released during regeneration; and (3) the nonuniform composition of 
the regeneration offgas during the cycle period. The DOE/METC program was therefore 
directed toward moving and fluidized bed systems. 

In order to demonstrate a moving-bed concept, the General Electric Company (GE) con- 
structed a 24-ton per day pilot plant incorporating an air-blown fixed-bed coal gasifier; high- 
temperature cyclones for particulate removal; and a moving-bed metal oxide desulfurization 
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system (Furman et al., 1991). A flow diagram of the installation is shown in Figure 16-12. 
The system has been operated with zinc ferrite sorbent at a pressure of 20 atm and a gas out- 
let temperature of about 1,050"F. Typical compositions of feed and product gases are given 
in Table 16-10. For selected material balance periods during a 60-hour run, overall sulfur 
removal exceeded 95%, while hydrogen sulfide removal averaged over 98%. Attrition resis- 
tance of the zinc ferrite sorbent appeared to be adequate. 

Figure 16-12. GE moving-bed hot gas cleanup test system. (Furman et a/., 7997) 

Table 16-1 0 
Typical Gas Compositions for Tests of Zinc Ferrite Sorbent with Illinois 

No. 6 Coal Feed to Gasifier 

Reactor Reactor 
Inlet, Vol. 9% Outlet, Vol. 9% 

Component Wet Dry Wet Dry 

Nitrogen 
Carbon Dioxide 
Carbon Monoxide 
Hydrogen 
Methane 
Hydrogen Sulfide 
Carbonyl Sulfide 
Water 

33.9 
11.6 
10.4 
15.8 
3.1 

0.23 
0.03 
25.0 

45.2 35.5 44.4 
15.5 14.1 17.6 
13.9 8.8 11.0 
21.1 18.5 23.1 
4.1 3.1 3.9 
0.31 0.003 0.004 
0.04 O.OO0 O.OO0 

20.0 
Source: Furman et al., 1991 
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Sulfur Recovery hrn Regenerator Off-Gas 

When zinc femte, zinc titanate, or a similar sorbent is used in a hot gas desulfurization 
process, regeneration is normally accomplished by contacting the spent material with a dilute 
air stream. In fixed-bed systems the regenerator offgas typically contains 1 to 3% sulfur 
dioxide, while the moving bed system being developed by GE produces a gas containing up 
to 13% sulfur dioxide (Dorchak et al., 1991). 

A comprehensive evaluation of processes capable of recovering sulfur from hot regenera- 
tion offgas was conducted by The Parsons Corporation, under contract to DOE (O'Hara et 
al., 1987). The study considered numerous processes and process combinations for the treat- 
ment of a gas containing 1.5 to 5.0 volume % SOz and 95% nitrogen. Economic data were 
developed for the four most promising combinations based on the regeneration offgas from a 
unit treating fuel gas derived from high-sulfur midwestern coal for use in a 100 M W ,  molten 
carbonate fuel cell power plant. The two cases showing the lowest 10-year levelized busbar 
costs (Ll0) were 

1. Ten percent of the regenerator offgas is purified in a Wellman-Lord unit, and the concen- 
trated sulfur dioxide from this unit is added to the remaining 90% of the gas which is then 
processed in a BSRP system. The Wellman-Lord process is described in Chapter 7. The 
BSRP system consists of a Beavon Sulfur Removal (BSR) unit to convert all sulfur com- 
pounds to hydrogen sulfide (see Chapter 8) followed by a Stretford unit to convert the 
hydrogen sulfide to elemental sulfur (see Chapter 9). 

2. The regeneration offgas is fed directly to an augmented Claus unit and the Claus plant tail 
gas is treated in a BSRP unit before venting to the atmosphere. In the augmented Claus unit 
the sulfur dioxide-containing stream is partially reduced by contact with a gas-containing 
hydrogen and carbon monoxide at about 2,000"F, and the reduced stream, containing hydro- 
gen sulfide amd sulfur dioxide in a mole ratio of 2: 1, is then fed to a conventional Claus unit. 

An alternative to the augmented Claus process, called the Direct Sulfur Recovery Process 
(DSRP) has been developed by the Research Triangle Institute (RTI) (Gangwal et al., 1990, 
1991B; Dorchak et al., 1991;). The process is based on the catalytic conversion of sulfur 
dioxide directly to elemental sulfur without first reducing a portion of it to hydrogen sulfide. 
A small slip stream of the coal gas can be used as the reducing agent. Typical reactions 
occurring are 

2H2 + SO2 = 2Hz0 + l/n S, 

2CO + SOz = 2COZ + l/n S, 

(16- 15) 

(16-16) 

SO2 + 3Hz = H2S + 2HzO (16-17) 

SOz + 2H2S = 2H20 + 3/n S, (16-18) 

The first two reactions occur rapidly in the presence of the catalyst and are not thermody- 
namically limited, If no other reactions occur, these two reactions are capable of producing a 
very high yield of sulfur. As indicated by the stoichiometry, they require two moles of reduc- 
ing gas per mole of SO2. The third reaction is not thermodynamically limited, but its rate 
may be controllable by proper selection of catalyst and conditions. It does not represent a 
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desirable reaction path. The fourth reaction is the Claus reaction, which is limited by equilib- 
rium and proceeds at a rate determined by the catalyst and the operating conditions. In small 
scale tests of the process, conversions were at times greater than 96%; although attainment 
of equilibrium would result in a conversion of only 50 to 60%. Increased pressure was found 
to improve the sulfur yields. The process appears promising, but has not yet been tested on a 
commercial scale. 

HaMor Topsse Tin Oxide-Based Process 
A process has been developed by Haldor Tops* that treats coal gas in the temperature. 

range from 350” to 500°C (662’F to 932°F) and delivers a product gas that is environmen- 
tally acceptable as gas turbine fuel with regard to the common impurities: sulfur, nitrogen 
compounds, and halogens (Nielsen and Rudbeck, 1993). The overall gas purification 
scheme includes halogen removal, water-gas shift conversion, ammonia adsorption, and 
sulfur removal. 

The halogen removal unit consists of a fixed bed of solid sodium carbonate. This reacts 
quantitatively with halogens present in gas from the coal gasification unit. The most com- 
mon halogen impurity, HCI, is neutralized by the sodium carbonate to form NaCl which 
remains in the bed. The fixed bed of sodium carbonate also acts as a filter to remove traces 
of dust that may have passed through the gasifier offgas dust removal unit. 

Water-gas shift conversion is included primarily as a means of reducing the concentration of 
water vapor in the gas. A low water concentration improves both ammonia adsorption efficien- 
cy and sulfur conversion in subsequent steps. Ammonia is removed by adsorption on an appro- 
priate solid such as an acid zeolite and may be recovered by desorption at a higher tempemture. 

The key process step is the removal of hydrogen sulfide by reaction with a tin oxide-based 
sorbent. The process is based on the reversible reaction: 

H2 + H2S + Sn02 = 2H20 + SnS ( 16- 19) 

The equilibrium constant for this reaction is 

(16-20) 

where yI, y2, and y3 are the mole fractions of steam, hydrogen, and hydrogen sulfide, respec- 
tively, in the gas phase. At 400°C (752OF), K is approximately 400. Reaction 16-20 is favored 
by high hydrogen and low water vapor concentrations; however, the ratio of water to hydrogen 
must be above about 1.5 (at 400°C) to avoid the reduction of tin oxide to elemental tin. 

A flow sheet of the Haldor Tops@ process using steam regeneration is shown in Figure 
16-13. Regeneration involves the reverse of the absorption reaction 16-19. Superheated, 
medium-pressure steam is used in an amount equal to about 30 times the amount of sulfur to 
be removed. 

With gas from high-sulfur coals, the use of steam would be uneconomical and an alternative 
regeneration mode is suggested (Nielsen and Rudbeck, 1993). In this scheme, the sulfur 
removal system is integrated with a Claus plant and hot tail gas from the Claw plant is used for 
regeneration of the SnS. The resulting dilute H2S gas stream is fed directly to the Claus plant. 

The Haldor Topsoe process, with steam regeneration, offers the advantage over the zinc 
ferrite or zinc titanate processes of recovering the sulfur as an almost 100% hydrogen sulfide 
stream, which may be economically converted to sulfur or sulfuric acid by conventional 
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Figwe 16-13. Haldor Topsee tin oxide-based pmcess with steam regeneration. 
(Nielsen and R u d W ,  1993) 

means. It has the disadvantage of operating at temperatures in the range of 350" to 500°C 
(662" to 932"F), which is considerably below the outlet temperature of most gasifiers. No 
commercial installations have been reported. 

Z-Sorb Promoted Zinc Oxide-Based Process 

The Z-Sorb process, developed by Phillips Petroleum Company appears to be closely 
related to the zinc ferrite and titanate processes developed under DOE sponsorship. It uses an 
extruded sorbent containing about 50% zinc oxide, a promoted metal oxide, which also 
reacts with hydrogen sulfide to form a metal sulfide; and a matrix material to provide pore 
volume and aid in prolonging sorbent life. The sorbent is used in fixed beds that operate at 
about 700K (80OOF) during absorption and 81Ck92OK (1,000"-1,20O0F) during regeneration. 

A schematic diagram of the Z-Sorb process is given in Figure 16-14. The figure represents 
an actual commercial operation of the process at a gasoline plant where the Z-Sorb beds are 
used to remove HzS from the tail gas of a sulfur plant; however, other applications are possible. 

In the application illustrated, acid gas containing about 17% hydrogen sulfide is fed to a 
combination direct oxidatiodClaus system which produces elemental sulfur and an exhaust 
stream containing 1.7% hydrogen sulfide. In the sulfur plant, a portion of the hydrogen sulfide 
is oxidized directly to sulfur, while anothex portion reacts with recycled sulfur dioxide by the 
conventional Claw reaction. The amount of oxidizing gas fed to the sulfur plant i s  controlled 
to assure that sulfur in the tail gas is in the form of hydrogen sulfide, not sulfur dioxide. 

The H,S-containing gas from the sulfur plant is passed through one of the Z-Sorb beds 
where hydrogen sulfide reacts with zinc oxide to form zinc sulfide at about 800°F. At the 
same time, diluted air is passed through the second bed which attains a temperature in the 
1 ,OOO"-l ,200"F range due to the oxidation reactions. The S02-containing regeneration gas is 
fed to the sulfur plant with the inlet feed. In the 5 todday commercial installation, total sul- 
fur removal exceeded the required %%. It is estimated that efficiencies over 99.9% could be 
obtained with relatively minor modifications to the equipment and flow arrangement 
(Brinkmeyer and Delzer, 1990). 
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Figure 16-14. Schematic diagram of system for incorporating 2-Sorb beds into a sulfur 
plant. (Brinkmeyer and Delzer, 799q 

ABSORPTION AND CONDHSATION PROCESSES FOR 
EXHAUST GAS PURIFICATION 

This section does not cover the purification of combustion process exhaust gas, which is 
the subject of Chapters 7 and 10, but rather the exhaust, usually polluted air, which is dis- 
charged from numerous chemical and industrial operations. The impurities to be removed 
are typically volatile organic compounds (VOCs) and noxious inorganic compounds such as 
hydrochloric acid and ammonia. Several techniques are available for removing the impuri- 
ties, including adsorption, catalytic and thermal oxidation, absorption, and condensation. 
Some generalized guidelines for selecting an appropriate technique are given in Chapter 1. 
Adsorption is discussed in Chapter 12. Catalytic and thermal oxidation are covered in Chap- 
ter 13. This section covers the remaining approaches-absorption and condensation. 

Absorption of Impurities by Reactive Solvents 
The use of reactive solvents has a significant advantage over physical solvents, where 

applicable, because normally the impurity is destroyed or altered by the reaction and does 
not exhibit a significant vapor pressure over the solution once absorbed. When the liquid 
phase reaction is irreversible and rapid, which is often the case, a c o u n t e m n t  contactor is 
not necessary, and simple venturi or spray scrubbers can provide high efficiency. The design 
of such equipment is discussed in Chapter 1. 
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Neutralization Reactions 

In the handling of liquefied or compressed toxic gases, important safety features are the 
storage of the gas in tanks within a tight enclosure and the capability to remove the gas from 
enclosure air in the event of leakage. Somerville (1990) recommends chemical scrubbing for 
the removal of toxic gases from air and provides guidelines for the design of toxic gas scrub 
bing systems. Important criteria for the hardware are the ability to respond instantly after a 
long idle period and the absence of valves or low points in the liquid absorbent lines. The use 
of eductor-venturi scrubbers is recommended because they provide excellent gas-liquid con- 
tact while inducing air flow without the need for mechanical blowers. Scrubber design factors 
for many of the commonly encountered acidic and basic toxic gases are given in Table 16-11. 

The table is based on the release and vaporization of 2,000 l b h  of toxic gas into the air of 
a containment building and evacuation of the air through a hvo-stage eductor-venturi scrub- 
ber system. Each stage of the system contains a stoichiometric quantity of the reagent. Sodi- 
um hydroxide solution is used as the reagent for all acid gases except hydrofluoric acid, 
which requires potassium hydroxide because of the low solubility of sodium fluoride. Sulfu- 
ric acid is recommended for absorbing ammonia because of its low cost and ready availabili- 
ty and the high solubility of ammonium sulfate. The indicated minimum airflows will keep 
the first stage scrubber temperature below 160°F when the ambient temperature is 90°F. 

Akwption wifb Oxidation 

Absorption of impurities into an aqueous solution in which the impurities are oxidized is a 
technique that is frequently used for odor control. Sodium hypochlorite is probably the most 
widely used absorbent because of its low cost and effectiveness in oxidizing most organic 
compounds. Since odorous air streams typically contain a wide variety of compounds, some 

Table 16-11 
Venturi Scrubber Design Factors for Toxic Gases 

Heat Min. Min. 
Reagent Release, Air Vent. Liquid Noz. 

Toxic Scrubber Req’d., Btu Flow, Size, Flow, Pres., 
Gas Liquid Ib lbgas acfm in. gPm Pig 

HCl 20%NaOH 2,200 1,580 2,750 16 125 75 
H2S 20%NaOH 2,350 720 820 12 75 75 
C12 20%NaOH 2,360 630 2,400 16 125 75 

SO2 20%NaOH 2,500 1,100 1,600 12 75 75 
COClz 20%NaOH 3,250 2.000 3,300 18 175 75 

NH3 35%H*S04 5,760 2,550 4,600 20 250 80 

HF 20%KOH 5,600 5,600 3,800 18 175 80 
HCN 20%NaOH 3,000 420 420 10 50 80 
Design Basis: 2.000 lWhr toxic gas to the scrubber. 
Data from Somerville ( I  990). Reproduced with permission from Chemical Engineering Progress, Copvrighr 

1990, American Institute of Chemical Engineers 
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of which are not readily identifiable, it is good practice to conduct small scale tests of the 
proposed absorptiodoxidation system. 

According to Dunson (1991), the effective removal of VOCs with sodium hypochlorite 
solution requires operation under conditions that produce a residual chlorine concentration of 
several parts per million (volume) in the product gas. Removal of the chlorine and further 
removal of VOCs can be accomplished by use of a second scrubbing step with hydrogen per- 
oxide solution. As an alternative to a two-stage system (sodium hypochlorite plus hydrogen 
peroxide) a single stage of sodium sulfite scrubbing may be used. Deodorization of exhaust 
air by scrubbing with sodium sulfite solution in a venturi scrubber is reported to be compara- 
ble in cost and more effective than the two-stage system. 

A problem with sodium hypochlorite is its ability to chlorinate some compounds to form 
volatile reaction products. Ammonia and alkylamines, for example, can be chlorinated to 
form chloramines. The problem can be avoided by removing alkaline nitrogen compounds 
from the gas stream with an acid wash prior to the sodium hypochlorite scrubber. An altema- 
tive approach described by Valentin (1990) is the use of a catalyst in the scrubber liquid to 
promote oxidation. Hydrated nickelic oxide, which is formed in solution from nickel sulfate 
and sodium hypochlorite at a pH of 9 to 10.5, is recommended. A nickel concentration of 
50-75 ppm is said to be effective, making removal of up to 95% of the odorous compounds 
possible in a single stage. 

Recommended design parameters for sodium hypochlorite scrubbers are packing height, 
2 . 5 4  m (or more) of high-efficiency packing; superficial gas velocity, 1.6-2.5 m / s ;  and 
solution flow rate, 15-22 m3/h m2 (Valentin, 1990). 

Physical Absorption Processes 

Physical absorption using water as the solvent is most commonly used for removing high- 
ly soluble inorganic impurities such as ammonia and hydrochloric acid from exhaust streams 
being vented to the atmosphere. Ammonia absorption (and the use of aqueous ammonia for 
absorption) are covered in Chapter 10. Most other water wash applications are covered in 
Chapter 6. The design of absorbers for physical absorption processes is discussed in some 
detail in Chapter 1. A highly simplified design procedure for packed absorbers for use in air 
pollution control systems is provided in the US. EPA Handbook (1991). 

The use of physical absorption to remove VOCs from exhaust air streams has found limit- 
ed application. In Germany, where the limits for solvents in air were reduced to 20 mg/m3 as 
of Jan. 1, 1989, one plant has been built to absorb 10-200 g/m3 dichloromethane from a 30 
m3/h air stream at ambient temperature using tetraethylene glycol dimethyl ether as the 
absorbent. Absorption is accomplished in a countercurrent spray column. Desorption occurs 
in an electrically heated column at 10O0-13O0C and 80-100 millibar pressure. The operation 
requires 11 kW power and 5 m3/h cooling water (Anon., 1989). 

Condensation 
Condensation is frequently used in the chemical industry to recover valuable products 

from gas streams. In many cases, it serves as the initial gas purification step by removing the 
bulk of the organic compounds from a gas stream before it undergoes final cleanup. As indi- 
cated in Figure 1-1, a high percentage removal of impurities by condensation can only be 
achieved when the inlet concentration is high (over about 5,000 ppmv). Removal efficiencies 
of more than about 95% are seldom attainable with condensation because the VOC content 
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of the product gas cannot be reduced below the equilibrium vapor pressure of the condensate 
at the operating temperature. 

Two basic types of condensers are used surface and direct contact. Surface condensers are 
generally shell-and-tube heat exchangers with coolant flowing inside the tubes and vapor 
condensing from the gas stream on the shellside. The condensing vapors form a liquid film 
on the outside of the tubes, which flows to the bottom of the condenser and is drained to a 
collection tank. Direct contact condensers use a spray of cooled liquid (typically water) to 
contact and cool the gas. The surface of the spray droplets provides the extended surface area 
required for heat transfer, and the condensing vapor joins the spray of liquid. Although the 
direct contact condenser avoids the cost of metal heat transfer surface, it has the disadvan- 
tage of requiring a very high liquid flow rate. Another disadvantage is that in correcting an 
air pollution problem, the direct contact condenser may create a water pollution problem. 
Treatment of the organic condensate-water coolant mixture can be expensive (Corbitt, 1990). 

For small volume gas streams containing high concentrations of VOCs, it is often economi- 
cal to compress the gas before it enters the condenser. This causes the vapor pressure of the 
condensed organics to represent a smaller fraction of the total pressure, and thus the concen- 
tration of VOCs in the product gas to be lower than with atmospheric pressure condensation. 
According to Hill (1990), for the case of vapors released when gasoline is loaded into ships, 
compression followed by cooling and condensation is competitive with compression followed 
by absorption in hydrocarbon liquid and less expensive in both capital and operating costs 
than condensation by refrigeration. Because of the high cost of compression, systems that 
require the gas to be compressed are uneconomical for large, dilute exhaust gas streams. 

Condensation System Design 

For purposes of this discussion, the most commonly encountered conditions are consid- 
ered, Le., a large dilute exhaust gas stream at essentially atmospheric pressure cooled in the 
shell side of a shell-and-tube exchanger. A simplified schematic diagram of such a system is 
given in Figure 16-15. 

The gas leaving the condenser can be assumed to be in equilibrium with condensate at the 
gas outlet temperature, although the liquid may be further cooled before it leaves the vessel. 
For a single organic compound, the required partial pressure in the product gas can be calcu- 
lated readily from the inlet concentration and the desired percent removal: 

p, = YOP, (16-21) 

Where: P, = partial pressure of VOC at outlet, mm Hg 
Pt = total system pressure, mm Hg 
yo = mole fraction at outlet (ppmv x 10-6) 
yi = mole fraction at inlet (ppmv x 10-6) 
E = removal efficiency, expressed as a fraction 

(16-22) 

The required condensation temperature can then be obtained from a vapor pressure-tem- 
perature chart for the specific organic compound. Vapor pressure data for four typical 
VOCs are given in Figure 1616. For example, if the gas contains 13,000 ppmv styrene (yi 
= 0.013) and 90% removal is desired (E = 0.9), the above equations yield a value for yo of 
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Figure 16-15. Schematic diagram of refrigerated condenser system with condensate 
reflux to prevent ice formation on heat transfer surfaces. 

0.001315, which corresponds to a partial pressure of 1.0 mm Hg. The required condensation 
temperature indicated by Figure 16-16 is 20"F, and based on Table 16-12, the appropriate 
coolant is a brine solution. Additional data for this example, which is described in more 
detail in the U S .  EPA Handbook (1991), are given in Table 16-13. 

The design becomes somewhat more complex when a mixture of compounds is involved. 
However, the components of the mixture are usually mutually soluble in the liquid phase, 
and, as a first approximation for related solvents, it can be assumed that the mixture follows 
Raoult's law, Le., the partial pressure of each component in the product gas will be equal to 
the vapor pressure of the pure component at the gas outlet temperature times its mole frac- 
tion in the liquid phase. For more precise calculations and more complex liquid mixtures, it 
is necessary to use vapor-liquid equilibrium (VLE) data for the specific system. The estima- 
tion and correlation of VLE data are discussed in various chemical engineering texts, such as 
Perry's Handbook (Perry et al., 1984), Reid and Sherwood (1966), and Prausnitz (1969). 

When the design condensation temperature is near or below 32"F, water vapor in the feed 
gas can condense as ice on the heat-transfer surfaces, interfering with system operation. For- 
rester and Le Blanc (1988) point out three possible approaches for avoiding ice problems: (1) 
using two separate condenser coils and passing hot gas from the compressor through each 
one alternately to melt ice deposits; (2) washing the coils with a reflux stream of the con- 
densed phase (this system is shown in Figure 16-15, and is applicable if water is soluble in 
the condensed liquid and the resulting solution has a sufficiently low freezing point); and (3) 
cooling the gas feed in two steps: first to about 35°F to condense the bulk of the water as liq- 
uid, then to the desired condensation temperature to remove the organic vapors. 

After establishing the required exit gas temperature and the amount of organic compounds 
to be condensed, it is necessary to determine the quantity of heat that must be removed (sen- 
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Figure 16-16. Vapor pressures of four typical volatile organic compounds; PvBpor = 
vapor pressure of compound (mm Hg), Tm = condensation temperature (“0. (U.S. €PA 
Handbook, 1991) 

Table 16-12 
Selection of Coolant for Surface Condenser Systems 

Required Condensation 
Temperature, O F  Typical Coolant 

60 to 80 Water 
45 to 60 Chilled Water 
-30 to 45 

-90 to -30 
Brine (e.g., calcium chloride or ethylene glycol solution) 
Refrigerant (e.g., Freon 12) 

Note: Coolant temperature will typically be about 15°F lower than the required condensation 

Based on data from US. EPA Handbook (1991) 
temperature. 

sible plus latent) in order to size the heat exchanger and refrigeration system. The detailed 
design of heat exchange equipment and refrigeration units is beyond the scope of this book; 
however, it should be noted that heat transfer coefficients for condensing vapors from an 
inert gas are generally much lower than for condensing pure vapors, but somewhat higher 
than cooling (or heating) a noncondensible gas. The U.S. EPA Handbook (1991) suggests an 
overall coefficient of 20 Btu/(hr)(sq ft)(”F) for a typical condenser with a liquid coolant and 
a temperature approach of 15°F at the gas outlet end of the heat exchanger. 



Table 16-13 
Example Case for Condenser Calculations 

Max. inlet gas flow rate, scfm 
Impurity (Styrene) concentration, ppmv 
Required removal efficiency, % 
Condensation temp., O F  

Inlet gas temp., O F  

Total heat removal load, Btulhr 
Coolant inlet temp., OF 
Coolant outlet temp., O F  

Overall ht. trans. coef., Stu/(hr)(ft?)("F) 
Condenser surface area, sq ft 
Coolant flow rate (29% CaC12 soln.), l b h  
Refrigeration unit capacity, tons 
Recovered product, lb/hr 

2,000 
13,000 

90 
20 
90 

239,000 
5 

30 
20 

370 
14,700 

20 
373 

Costs for above case (1988 dollars) 
Condenser (8-ft tube length, fixed tubesheet) 34,800 
Refrigeration unit (20 tons, 20°F condensation temp.) 107,000 
Total 141,800 

Notes: Total cost includes auxiliary equipment, instrumentation, sales tax, freight, and installation 

Datafrom U.S. EPA Handbook (1991) 
costs, but not site preparation or buildings. 

The application of refrigerated condensation to remove hydrocarbons from the gases vent- 
ed during the transfer of liquids to and from marine vessels is discussed with other tech- 
niques by Hill (1990). The study concludes that refrigerated condensation is considerably 
more expensive than the other techniques considered for this application, including compres- 
sion-cooling-condensation; compression-absorption; adsorption; absorption-adsorption- 
absorption; and combustion, but has the following advantages: 

1. It is a stand-alone unit with no circulating absorption fluid. 
2. The recovered products can be pumped directly to storage. 
3. It can handle compounds that may not readily desorb from carbon or that may cause tem- 

perature excursions in activated carbon systems. 

According to Forrester and Le Blanc (1988), refrigerated condensation has been used most 
often for handling the vent gas from storage tanks, but has also been used successfully at 
barge and tank-car loading and transfer stations. It has been used with such volatile organic 
liquids as gasoline, alcohols, ketones, and nitriles, and at condensation temperatures down to 
about -100°F. The condensers are often used in combination with absorbers, adsorbers, and 
incinerators to reduce the load on the auxiliary systems. 
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In the design of condensation systems for vent gas streams, it is necessary to take into 
account the large differences in operating conditions between summer and winter. These dif- 
ferences are evident in the data of Table 16-14, which compares January and July operating 
conditions for a system designed to remove 95% of the hydrocarbons from a vent gas stream 
at all times of the year. Since the gas entering the unit in the winter is colder and contains less 
hydrocarbon vapor, it is necessary that the condenser operate at a much lower temperature to 
provide the same percent removal (95%) as in the summer (Forrester and Le Blanc, 1988). 

Separation of gaseous mixtures by condensation and distillation at low temperatures has 
been practiced extensively since Carl von Linde disclosed his air-liquefaction process at the 
beginning of the twentieth century. In most applications, these processes are not aimed at the 
removal of low concentrations of impurities from gases, but rather at the separation and 
recovery of pure components from mixtures. However, the technology is quite versatile and 
may also be used for separations that can be classified as gas purification such as: (1) the 
purification of hydrogen for ammonia synthesis and other uses, (2) the removal of nitrogen 
from natural gas, and (3) the removal of high concentrations of carbon dioxide and hydrogen 
sulfide from natural gas. 

Although improvements continue to be developed in the field of low-temperature separa- 
tion, it can be considered to be a mature technology. For some applications it is being sup- 
planted by newer approaches such as pressure swing adsorption (PSA) and membrane per- 
meation (see Chapters 12 and 15). However, low-temperature processes remain important 
for many cases. They are generally favored over PSA for removing components that are 
weakly adsorbed such as carbon monoxide, methane, and nitrogen, or that are needed at high 
pressure such as carbon dioxide for enhanced oil recovery (EOR) projects. They are usually 
more economical than membrane processes for large capacity operations where they benefit 
from the economies of scale. When the operating temperature is below about -100"F, the 
technology is called cryogenics. A general review of the principles and applications of cryo- 
genics is given by Springmann (1985). 

Since the compounds being separated are not normally reactive with each other and also 
because chemical reactions are extremely slow at cryogenic temperatures, cryogenic separa- 
tion operations are purely physical. They follow the same vapor-liquid equilibria principles 
and system design technologies as commonly used for separating hydrocarbons that are liq- 

Table 16-14 
Seasonal Variations in Operating CondMons of Condensation System 

January July 
Inlet temp. of vent gas, OF 50 90 
Hydrocarbon equilibrium temp., OF 32 83 
Outlet gas temp., OF -50 -15 
Condensation rate, l b h  41 160 
Energy load, MBtu/hr 31 79 

Data of Forrester and Le Blanc (1988) 
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uid at ambient temperatures. The key special requirements of cryogenic systems that differ- 
entiate them from conventional condensation/distillation operations are (1) a refrigeration 
system capable of reducing temperatures to the required cryogenic level, and (2) highly effi- 
cient insulation to minimize heat entry into the cold system. 

Cryogenic refrigeration is normally provided by one or more of three basic technologies. 
They are (1) expansion of compressed gas through a throttling valve (the Joule-Thompson 
effect), (2) expansion of compressed gas through an engine which does external work, and 
(3) vaporization of a liquefied gas. The Joule-Thompson effect is not applicable to hydrogen, 
which has a negative Joule-Thompson coefficient. The most commonly used approach is the 
expansion of compressed gas through a turbaexpander. 

Efficient insulation is mandatory for an economical cryogenic system. This requirement 
normally results in the installation of all (or groups of) cryogenic equipment items in a “cold 
box,” which is basically a modular frame packed with insulation material. 

The discussions that follow include some processes that are clearly cryogenic and some 
that are merely “low temperature”; however, all involve liquefaction of normally gaseous 
components, require refrigeration systems, and operate below 0°F. 

Hydrogen Purification 

Separation of hydrogen from coke-oven gas by liquefaction of the higher-boiling compo- 
nents was f m t  practiced on an industrial scale in France and Germany shortly after the end 
of World War I. Since then, this technique has been applied successfully to the separation of 
pure hydrogen from a variety of industrial gas streams, such as petroleum refinery offgases 
and the product streams from steam hydrocarbon reforming and natural gas partial oxidation. 
The basic process consists of cooling the gas stream to condense out all components except 
hydrogen. The removal of carbon monoxide can be enhanced by washing the gas with liquid 
methane or liquid nitrogen. The use of nitrogen is particularly effective when the product gas 
is to be used for ammonia synthesis since a 75% hydrogen, 25% nitrogen mixture is desired. 

Process Amngements 

Basic types of cryogenic processes used for producing purified hydrogen from impure gas 
streams are listed in Table 16-15. Simple condensation processes operate by liquefying CO 
(and higher boiling impurities) in several cooling steps to produce a gaseous product con- 
taining approximately 98% hydrogen and 2% carbon monoxide. The liquid CO contains all 
of the methane present in the original gas stream and can be purified by distillation to pro- 
duce a 99.8% pure CO gaseous product and a CO/CH, bottoms product suitable for recycle 
to the syngas generation step. If higher purity hydrogen is desired, it can be further purified 
by pressure swing adsorption (PSA) or by shifting the CO to C02,  removing the C02, and 
methanating the remaining carbon oxides to CH,. The PSA process will produce 99.9% pure 
hydrogen; while the water gas shift system is capable of producing about 99.7% punty (Goff 
and Wang, 1987). 

The use of a methane wash system results in the production of hydrogen containing only 
parts per million carbon monoxide, but 1 to 2% methane. The wash column bottoms is typi- 
cally flashed to remove dissolved hydrogen, then distilled in a CO/C& splitter to separate 
the carbon monoxide and methane. The carbon monoxide is recovered as 98% pure byprod- 
uct in the splitter overhead. 
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Table 16-15 
Cryogenic Processes for Purifying Hydrogen-Containing Gas streams 

Purity Recovery 
Type of Process Products % % 

Condensation Hydrogen 98 90-95 
Condensation Hydrogen 98 90-95 
and CHd/CO Carbon Monoxide 99.8 95 

Methane Wash Hydrogen 99 99 

Nitrogen Wash 3: 1 H2:N2 Mix 99 99 

separation 

Carbon Monoxide 98 

Datu of Springmann (1985) 

A nitrogen wash system is normally used only when the hydrogen is to be used in ammo- 
nia synthesis. Some nitrogen is allowed to pass overhead with the purified hydrogen. Addi- 
tional gaseous nitrogen is then added as required to give a final product containing the 
required 3:l hydrogen to nitrogen ratio. The product gas contains only traces of carbon 
monoxide and less than 1% total impurities. 

cryofining 

The Cryofining process for recovering high punty hydrogen and liquid byproducts from 
refinery fuel gas is licensed by Air Products and Chemicals, Inc. The process is applicable to 
refinery offgases and purge streams containing 30 to 70% hydrogen and up to 30% liquefi- 
able hydrocarbons (e.g., ethane, propane, and olefins). 

A simplified flow diagram of the process is shown in Figure 16-17. The gas at a pressure 
in excess of about 400 psia is fust cooled to a temperature slightly above the hydrate point to 

Figure 16-17. Simplified flow diagram of Cryofining process for recovering high purity 
hydrogen and liquid products from refinery fuel gas (Air products and Chemicds, Inc. 
1996). Reproduced with permission from H@roca&on messing, April 1996 
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condense liquid water, then dried to less than 1 ppm water by a conventional dehydration 
unit (these steps are not shown on the diagram). The dry gas is cooled by heat exchange with 
the cold product streams in heat exchanger (1) to condense liquids, which are removed from 
the gas in separators (2, 3). The liquid from the separators represents an ethane or liquefied 
petroleum gas (LPG) byproduct. The gas is further cooled in heat exchanger (4) to condense 
additional liquids which are removed in separator (5). Liquid product from this separator is 
passed through a throttle valve to a lower pressure at which vaporization provides refigera- 
tion for the system. Gas from the separator, after use in the heat exchangers, represents the 
final hydrogen product. 

The performance of this system for a feed gas at 600 psia containing 33.7% hydrogen is 
reported to be: hydrogen product purity, 95%; hydrogen recovery, 85%; and hydrocarbon 
liquids recovery, 76%. The balance of the feed is available as fuel. The economics of cryo- 
genic hydrogen recovery are favored by moderately high impurity levels (30 to 70%), hydro- 
gen purity requirements in the 90 to 98% range, and the concurrent need for hydrocarbon liq- 
uids recovery (Air products and Chemicals, Inc., 1996). 

Ammonia Purge Purification 

A somewhat similar process scheme has been proposed for recovering pure hydrogen and 
ammonia from the purge gas of an ammonia synthesis loop (Shaner, 19778). The purge is 
drawn off to keep inerts-i.e., methane and argon-from building up in the synthesis loop. 
The gas is first prepurified to remove most of the ammonia by water washing, dehydrated by 
molecular sieve adsorption, then passed into the cryogenic unit. 

In the cryogenic unit, the dry gas at a pressure of about 1,OOO psig is cooled by heat 
exchange with product streams to condense methane and argon. The condensate is separated 
from the gas, throttled to a lower pressure to provide refrigeration, then mixed with a portion 
of the hydrogen product to give an adequate temperature difference in the heat exchanger. 
After use as a coolant, the mixture is used as fuel gas. A portion of the hydrogen gas from 
the separator is used to regenerate the molecular sieve so that adsorbed ammonia is returned 
to the synthesis loop with the hydrogen. 

In this system, the fuel gas pressure has a strong influence on efficiency. For example, if 
92% product hydrogen purity is desired, a recovery of about 92% of the hydrogen is possible 
when the fuel gas pressure is 8 psig; while only about 82% recovery is possible with a fuel 
gas pressure of 60 psig. 

Design Data 

The fact that hydrogen boils at a considerably lower temperature than all the other compo- 
nents present in the gas streams treated in low-temperature processes permits essentially 
complete removal of most impurities by fractional condensation. However, to obtain com- 
plete separation it is necessary to cool the gas mixture to a temperature considerably below 
the boiling point of the constituent to be removed. This temperature can be estimated from 
the vapor pressures of the pure constituents shown in Figure 16-18. 

The refrigeration required in low-temperature p e s s e s  can be estimated from the specific 
heats and the latent heats of vaporization (or condensation) of the constituents of the gas mix- 
ture. Values for the most frequently encountered gases are given in Tables 16-16 and 16-17. 

While the sensible heat of the incoming gas can be removed by heat exchange with cold 
product streams, the latent heat required for condensing impurities is much greater and can 



Figure 16-18. Vapor pressure of various gases at low temperatures; left half in mm Hg, 
right half in atm. Data of stull (7947) 

Table 16-1 6 
Boiling Points and Latent Heats of Vaporization of Gases 

Latent heat of 
vaporization 

at normal boiling 
point and 1 atm, Boiling Point, 

Gas "C caloriedg mole Reference 

Hydrogen -249.4 206 U.S. NBS (1955) 
Oxygen -183.0 1,630 US.  NBS (1952) 
Nitrogen -195.8 1,333 Kirk-Othmer (1952) 
Carbon monoxide -191.5 1,443 Din (1956) 
Methane -161.5 1,955 U.S. NBS (1952) 
Ethane -88.6 3,517 U.S. NBS (1952) 
Ethylene -103.8 3,237 Egan and Kempt (1937) 

Table 16-17 
Specific Heats of Gases at Constant Pressure* (CaVg mole) 

Temperature, "C 
GaS -50 -80 -100 -140 -200 Reference 
Hydrogen 6.654 6.472 6.309 5.864 5.120 U.S. NBS (1955) 
Oxygen 6.990 6.994 7.004 7.051 U.S. NBS (1955) 

U.S. NBS (1955) Nitrogen 6.978 6.974 6.994 7.034 
Carbonmonoxide 6.99 7.01 7.05 7.19 Din (1956) 
Methane - 7.97 7.21 7.24 Millar (1923) 

(-74°C) (-ll5OC) (-131OC) 
*One atmosphere. 
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most conveniently be supplied by a boiling liquid. Since the entropy of the system increases 
with the difference between the condensation temperature of the impurity and the boiling 
temperature of the refrigerant, it is advantageous to use liquids boiling close to the desired 
condensation temperature. Typical liquid refrigerants used in the process are methane, car- 
bon monoxide-nitrogen mixtures, and nitrogen. 

The CNG Process 

This process, which was described by Hise et al. in 1982, has apparently not been applied 
commercially. It is mentioned here because of the unusual concepts incorporated into the 
flow scheme. These include the use of crystallization of one component (carbon dioxide) as 
a means of stripping another component (hydrogen sulfide) from solution, and the use of a 
slurry of carbon dioxide crystals in an organic solvent to condense and absorb additional car- 
bon dioxide. The process was a joint development of CNG Research Corporation, the U.S. 
Department of Energy, and Helipump Corporation. It was proposed for use in the removal of 
acid gas from coal-derived gas streams at pressures above 300 psig. 

The feed gas, containing over 25% carbon dioxide, is cooled to a temperature near the car- 
bon dioxide triple point, and liquid carbon dioxide is condensed. The remaining gas is con- 
tacted with pure liquid carbon dioxide in one absorber to remove hydrogen sulfide and other 
impurities and then with a slurry of carbon dioxide crystals in an organic liquid in a second 
absorber to remove additional carbon dioxide. Hydrogen sulfide is stripped from the liquid 
carbon dioxide stream by adiabatic flashing, which cools the liquid and causes the formation 
of pure carbon dioxide crystals. The crystals are vaporized to form pure carbon dioxide gas. 
Organic liquid from the second absorber is regenerating by flashing off carbon dioxide gas, 
causing the formation of solid crystals of carbon dioxide and re-forming the slurry for recycle. 

The Ryan/Holmes Processes 

The Ryan/Holmes processes represent a family of related techniques for recovering carbon 
dioxide and hydrocarbon liquids from carbon dioxide-rich gas streams. They are licensed by 
Process Systems International, Inc. The processes incorporate low-temperature distillation 
with a circulating natural gas liquid (NGL) additive. Their primary field of application has 
been in the processing of gas from enhanced oil recovery (EOR) projects. The technology has 
been described by Process Systems International, Inc. (1992); Wood et al. (1986); Ryan and 
O’Brien (1986); Schaffert and Ryan (1985); and Ryan and Schaffert (1984). 

Process Description 

A simplified flow diagram of one version of the RyadHolmes technology is shown in 
Figure 16-19. In a typical application of the process for carbon dioxide-rich EOR gases, the 
feed gas stream is first passed through a separator (1) to remove any liquid water or hydro- 
carbons, then compressed to 360 psig (2), and dehydrated in a conventional glycol or molec- 
ular sieve unit (3). 

In the four-column fractionation section, the dehydrated feed is fed fiist to the ethane 
recovery column (4) where ethane and heavier components (and H2S, if present) are recov- 
ered in the bottom product. The column is operated as an extractive distillation unit with a 
recycled stream of C4+ hydrocarbons as the additive. The additive acts as an absorption 
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Figure 16-19. Simplified flow diagram of RyanMolmes process for removing and 
recovering hydrocarbons, HS, and C02 from natural gas or associated gas from 
enhanced oil recovery projects (Process SystemsJ lntemationalJ 1992). Reproduced 
with permission from Hydmarbon Pmessing, April 1992 

medium to recover Cz+ hydrocarbons and also breaks the ethane-carbon dioxide azeotrope. 
The overhead stream contains primarily carbon dioxide, methane, nitrogen, and any unrecov- 
ered higher hydrocarbons. 

Gas from the ethane recovery column is compressed to about 650 psig (5) ,  cooled, and 
partially condensed by providing reboil heat and by indirect contact with a refrigerant in heat 
exchanger (6) ,  and then fed into the carbon dioxide recovery column (7). 

The carbon dioxide recovery column operates as a simple distillation unit without the use 
of an additive. The overhead gas is primarily methane containing 15 to 30% carbon dioxide. 
The bottoms product is liquid carbon dioxide containing a small amount of ethane. This liq- 
uid stream is typically pumped to a pressure of about 2,000 psig for use in EOR injection. 

Overhead gas from the carbon dioxide recovery column flows directly into the demetha- 
nizer column (€9, which operates with additive. This column serves to reduce the carbon 
dioxide content of the gas stream to the specified level for use as sales or fuel gas (typically 
less than 2%). Bottoms from the demethanizer join the stream of additive being fed to the 
ethane recovery column, and the total liquid stream from that column is fed to the additive 
recovery column (9). 

The additive recovery column is basically a stripper to remove hydrogen sulfide and light 
hydrocarbons, primarily ethane and propane, from the circulating additive stream. Excess 
C4+ hydrocarbons that accumulate in the stripped additive are removed as net product, which 
can be combined with the overhead product as indicated in the flow diagram or handled sep- 
arately. When the plant feed contains hydrogen sulfide, this will appear in the overhead of 
the additive recovery column and may be removed from this stream by amine treating (not 
shown on the diagram). 

In 1992, it was reported that there were nine licensees for the RyadHolmes process for 
plants ranging in size from slightly over 1 to 290 MMscfd (Process Systems International, 
Inc., 1992). 
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Nitrogen Removal from Natural Gas 
Nitrogen occasionally occurs in natural gas in concentrations that are high enough to 

require its removal to meet heating value specifications for the product. Nitrogen is also nor- 
mally present in the gas produced in enhanced oil recovery (EOR) projects which employ the 
injection of compressed flue gas or nitrogen. In the latter case, the nitrogen content of the gas 
gradually increases during the life of the EOR project, creating a special challenge for the 
nitrogen-removal process. 

Since cryogenic nitrogen-removal systems typically operate at temperatures as low as 115 
to 8OK (-250' to -310°F) in their coldest sections, it is necessary to remove impurities 
which might form solid phases to very low levels. Gaseous components which require 
removal, with their freezing points and typical allowable concentrations, are listed in Table 
16-18. Particulate impurities, such as dust from a molecular sieve unit and entrained com- 
pressor lubrication oil, must also be removed to a very low level to minimize fouling of 
extended surface heat exchangers. 

Several cryogenic process flow schemes for purifying gas streams of different nitrogen 
concentrations are described by Hanis (1980) and Vines (1986). Two process cycles suit- 
able for removing nitrogen from natural gas are shown in Figures 16-20 and 16-21. 
According to Vines (1986), both of these cycles are capable of adapting to widely varying 
inlet gas conditions. 

The single-column heat pumped cycle shown in Figure 16-20 uses a fractionation tower, 
T-1, in which both the condensing and reboiling duties are provided by a closed-loop 
methane heat pump system. Natural gas feed to the system is precooled in heat exchanger 
E-1 using both the overhead nitrogen and bottoms methane products as coolants. This cycle 
has the advantage of producing high-pressure nitrogen, but at the expense of heat-pump 
energy consumption. 

The double column cycle shown in Figure 16-21 is particularly efficient for handling 
high-pressure gas containing a relatively high concentration of nitrogen, where the rejected 
nitrogen is not needed at elevated pressure. In this case, a significant portion of the refrigera- 
tion is provided by the expansion of the nitrogen. 

Table 16-18 
Components Requiring Removal Prior to Cryogenic Nitrogen ReJection P 

Freezing Point, 
Component Allowable Cone, ppm 

Water 273 32 
Carbon Dioxide 217 -70 
Methanol 176 -144 
Benzene 279 42 
Hydrogen Sulfide 188 -122 
Ethylene Glycol 257 3 

0.1 
10 to 1,Ooo 

1 .O 
0.1 

50 to 500 
1 .o 

Data of Vines (I 986). Reproduced with permission from Chemical Engineering Progress, Copyright 
1986, American Institute of Chemical Engineers 
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Figure 16-20. Diagram of single-column heat pumped cycle for removing nitrogen from 
natural gas ( WnesJ 1984. Reproduced with permission from Chemical Engineering 
ProgressJ Copyright 1986, American Institute of Chemical Engineers 
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16-2l. Diagram of double-column heat-pumped cycle for removing nitrogen 
from natural gas ( WneJ 1989. Repruduced with permission fnrm Chemical 
Engineering Progress, CoPYrigJlt 1986, American lnsfif'ute of Chemical Engineers 
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The feed gas is cooled and partially condensed in heat exchanger E-1 and flashed into 
high pressure column, T-1, which performs a partial separation between nitrogen and 
methane. The bottom product, a mixture of methane and nitrogen, is subcooled in heat 
exchanger E-2 then flashed into low pressure column, T-2, which performs the final separa- 
tion. The overhead product from T-1, relatively pure nitrogen, is condensed in E-4, which 
serves as a reboiler for the low-pressure column. Part of the condensate is used as reflux for 
T-1 while the remainder is subcooled in heat exchanger E-3 and used as reflux for the low- 
pressure column. Product methane from the bottom of T-2 is raised in pressure by pump, 
P- 1, and rewarmed to ambient temperature in heat exchangers E-2 and E- 1. 

In many cases, the recovery of natural gas liquids (ethane and higher hydrocarbons) can 
be profitably integrated with the nitrogen-removal system. According to Vines (1986), the 
recovery of 7045% of the ethane typically requires temperatures in the range of 190 to 
155K (-120" to -180°F). One effective arrangement for integrating the natural gas liquids 
recovery and nitrogen removal functions is to partially condense the feed gas and pass it 
through a demethanizer, then process the cold overhead gas from the demethanizer in a 
nitrogen-removal system. 

A commercial nitrogen-removal plant operating in France has been described by Streich 
(1970). The process reduces the nitrogen content of natural gas from about 14% to about 
2.5% using a two-column system. The product gas leaves the plant in two streams, one con- 
taining about 70% of the methane feed at 355 psig and the other, containing the balance of 
the methane, at 16 psig. Both streams contain approximately 2% nitrogen. The waste nitro- 
gen contains less than 0.5% methane. Essentially all of the separation work, energy losses, 
and refrigeration demands of this plant are provided by pressure reduction of the gas. 

When synthesis gas is purified for the production of pure hydrogen or ammonia, carbon 
monoxide is generally removed by a combination of p m s s e s ,  including shift conversion, 
carbon dioxide removal, and methanation. However, when a pure CO byproduct is desired, 
this approach is not applicable. Three technologies that can be employed to remove and 
recover carbon monoxide from synthesis and other gases are adsorption (see Chapter 12); 
cryogenics; as discussed in the preceding section; and absorption by a liquid, which is dis- 
cussed next. 

The ability of copper salts to dissolve carbon monoxide was first discovered by Leblanc 
(1850). Early interest in the phenomenon centered around its use in gas analysis for the 
determination of carbon monoxide. The first aqueous solutions were generally acid and 
unsuited for use in conventional equipment because they caused severe corrosion. This prob- 
lem was mitigated by the use of salts of weak acids, such as carbonic and formic, rather than 
previously used salts of hydrochloric or sulfuric acids. 

The use of aqueous cuprous-ammonium carbonate and formate solutions was first 
described in a patent to Badische Anilin and Soda Fabrik (1914). Subsequently, the aqueous 
process was utilized in many plants and the chemistry of the process was studied extensive- 
ly. More recently, a process based on the use of cuprous aluminum chloride in an aromatic 
solvent carrier (the COSORB process) has been developed. The new process is reported to 
have the advantages of greater complex stability and a lower corrosion rate. Both the aque- 
ous and non-aqueous processes are discussed in the following sections. Although the aque- 
ous process is now seldom used, it is included in the discussion because of its historical and 
technical interest. A more detailed discussion of the aqueous process is given in previous 
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editions of this book. The non-aqueous approach is currently being used in several plants; 
however, it too appears to be losing ground relative to pressure swing adsorption and cryo- 
genic processes. 

Aqueous Copper Ammonium Salt Process 
In this process, which is illustrated diagramatically in Figure 16-22, carbon monoxide at 

high pressure is absorbed by an aqueous solution of a copper-ammonium salt in a counter- 
cumnt  contactor with the formation of a cuprous-ammonium-carbon monoxide complex. 
The preferred compounds for this service are copper-ammonium formate, carbonate, and 
acetate, although other salts of weak acids have been proposed. The solution is regenerated 
by the application of heat, which destroys the complex to liberate almost all of the absorbed 
carbon monoxide. Because of its mildly alkaline nature, the solution also absorbs carbon 
dioxide, which is also liberated during regeneration. The process is complicated somewhat 
by side reactions such as the reduction of cupric to cuprous ions by carbon monoxide, and 
the auto-oxidation of cuprous to cupric ions with the precipitation of elemental copper. To 
prevent the latter reaction, it is necessary to provide oxygen to the system to maintain a suffi- 
ciently high concentration of cupric ions. 

Chemical Reactions 

Reaction 16-23 has been proposed by van Krevelen and Baans (1950) as the principal car- 
bon monoxide absorption-desorption mechanism. 

CO (WITH SOME COJ 

ABSORBER COOLERS WILD REGENERATOR 
TANK 

Figure 16-22. Simplified flow diagram of copper-ammonium-salt process for carbon 
monoxide removal from gases. 



1348 Gas Purification 

Cu(NH3)2+ + CO + NH3 = Cu(NH&(CO)+ (16-23) 

Secondary reactions-cumng in the absorber and reversed to some extent in the regenera- 
tor-which result in the absorption of carbon dioxide are 

2NH40H + CO2 = (NH&CO3 ( 16-24) 

In addition to the above absorption-desorption reactions, certain oxidation-reduction reac- 
tions can occur in this system. One of the most important of these is the reduction of cupric 
to cuprous ion by dissolved carbon monoxide as follows: 

2Cu++ + CO + 40H- = 2Cu+ + C03- + 2H20 ( 16-26) 

The reaction in equation 16-26 depletes the supply of cupric ions in the solution, shifting 
the equilibrium of the following reaction (equation 16-27) to the right: 

2Cu+ = c u  + cu++ ( 16-27) 

To avoid the precipitation of elemental copper by the foregoing reaction, it is necessary to 
maintain about % of the copper in the cupric state. This is accomplished by injecting air into 
the system to oxidize cuprous ion as follows: 

~ C U +  + 0 2  + 2H20 = ~ C U + +  + 40H- ( 16-28) 

Note that in equations 16-26 to 16-28, Cu+ and Cu++ actually represent complex copper- 
ammonium ions; however, the ammonia and acid groups have been left out of the equations 
as they do not play an important part in the reactions. 

Vapor-tiquid Equilbria 

The vapor-liquid equilibrium relationships for copper-ammonium salt solutions containing 
dissolved carbon monoxide have been studied by a number of investigators. Hainsworth and 
Titus (1921) measured the vapor pressure of carbon monoxide over copper-ammonium car- 
bonate solutions. Experimental data on formate solutions were obtained by Larson and 
Teitsworth (1922). Zhavoronkov and Reshchikov (1933) studied solutions of chlorides, for- 
mates, lactates, and acetates. Zhavoronkov and Chagunava (1940) made a detailed study of 
formate-carbonate mixtures, including the solution from an operating plant. 

A method of estimating carbon monoxide vapor pressures over aqueous copper-ammonium 
salt solutions, under conditions outside the range of experimental data, was proposed by van 
Krevelen and Baans (1950). These authors concluded that the basic chemical reaction 
involved in the absorption of carbon monoxide by ammoniacal solutions is expressed in equa- 
tion 16-26. By considering equilibrium relationships in this reaction, they derived an equation 
relating the carbon monoxide partial pressure to the solution composition as follows: 
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( 16 - 29) 

Where: K = equilibrium constant for the reaction in equation 16-23 
H = Henry’s law constant in the equation (CO) = Hp, 
yt = the overall activity coefficient 
m = moles of monovalent copper ion per mole of carbon monoxide absorbed 
A = total cuprous salt concentration, g molesfliter 
B =total free ammonia concentration before carbon monoxide absorption, 

g molditer 
pco = partial pressure of carbon monoxide, atm 
C, = apparent equilibrium constant 

Equation 16-29 can be used for calculating CO vapor pressures providing that C, is 
known. Van Krevelen and Baans have developed satisfactory equations relating C, to tem- 
perature and ionic strength of the solution for copper-ammonium chloride solutions (based 
on their own experiments) and copper-ammonium formate solutions (based on the data of 
Larson and Teitsworth). These equations follow. 

For copper-ammonium chloride: 

log,, c,, = - 1’900 - 0.0401 - 8.790 
2.3RT 

and for copper-ammonium formate, 

log,, c, = - 13’500 - 0.0401 - 9.830 
2.3RT 

(16- 30) 

(16-31) 

Where: T = the absolute temperature, K 
I = ionic strength of the solution 

ci = concentration of the ion, i, g molesfliter 
zi = valence of the ion i 

= H z ciz,2 

As an example of the application of equations 16-30 and 16-31, consider the case of a 
solution with the following analysis: 

Cu+ . . . . . . . . . . . . . . . . . . .  .0.94 g atomsfliter 
Cu++. . . . . . . . . . . . . . . . . . .  .0.02 g atomsfliter 
HCOO- . . . . . . . . . . . . . . . . .  1.72 g equivfliter 
NH3 (total). . . . . . . . . . . . . . .  7.01 g molesfliter 

If it is assumed that each cuprous ion is associated with two molecules of ammonia and 
one formate ion, while each cupric ion is associated with four molecules of ammonia and 
two formate ions, the following concentrations can be deduced: 
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NH3 (as uncomplexed ammonium formate) = 1.72 - 0.94 - 2(0.2) 
= 0.74 

NH3 (free + complex) = 7.01 - 0.74 = 6.27 

NH3 (free) = 6.27 - 2(0.94) - 4(0.02) = 4.31 

For this system the ionic strength, I, is equal to 

!4[0.94 + (0.02)(4) + 1.72 + 0.741 = 1.74 

For the case of T = 295K (22"C, 71.6"F) and a carbon monoxide concentration in the solu- 
tion equivalent to 0.777 moles CO/mole Cu+ (m = 1.29), C,, is calculated to be 1.25 by 
equation 16-31 and pco is calculated to be 0.78 atm by equation 16-29. This may be com- 
pared with an experimental value of about 0.84 atm obtained by van Krevelen and Baans. 
They show that the equations also fit the data of W o n  and Teitsworth remarkably well. 

A much simpler, though not as rigorous, relation between carbon monoxide pressure and 
solution composition is presented by Zhavoronkov and Chagunava (1940), and a nomograph 
for quickly determining the approximate quantity of carbon monoxide absorbed in various 
copper-ammonium carbonate solutions at 25°C and 1 atm carbon monoxide pressure has 
been presented by Egalon et al. (1955). 

In addition to the carbon monoxide vapor pressure, the vapor pressures of other solution 
components are of interest in assisting the calculation of possible losses and heat requirements. 
Copper-ammonium carbonate solutions have an appreciably higher vapor pressure than solu- 
tions of the formate or salts of stronger acids because of the relatively high decomposition pres- 
sure of ammonium carbonate. The total vapor pressures of a number of solutions have been 
measured by Zhavoronkov and Reshchikov (1933) and Zhavoronkov and Chagunava (1940). 

The vapor pressures of the individual components of typical plant solutions have been 
determined by Zhavoronkov (1939). One set of his data is presented in Figure 16-23 as a 
plot of pressure versus temperature on a log p versus 1/T scale. 

Heat Effects 

The molar heats of vaporization of ammonia, carbon dioxide, and water from a typical 
copper-ammonium-salt solution (mixed formate and carbonate) have been calculated by 
Zhavoronkov (1939) using the Clausius-Clapeyron equation and the slopes of the log p ver- 
sus 1/T lines as plotted in Figure 16-23. For the solution illustrated in this figure, he 
obtained the results in Table 16-19. 

As indicated in Table 16-19, heat is required to release any of the volatile components 
from the solution, and conversely heat is liberated if they are absorbed. The absorption of 
carbon dioxide can, in fact, account for a considerable portion of the heat generated in the 
absorber. 

The absorption of carbon monoxide is also exothermic, and its heat of absorption can be 
estimated by a similar analysis of available vapor-pressure data. Zhavoronkov and 
Reshchikov (1933) and Zhavoronkov and Chagunava (1940) have done this for the solutions 
that they studied and some of their results are presented in Table 16-20. 

The calculated values for the differential heat of solution do not appear to differ signifi- 
cantly for formate, carbonate, or lactate solutions. A value of about 11,OOO cal/g mole of CO 
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Component 

Ammonia 
Carbon dioxide 
Water 
Mixed vapors 

Figure 16-23. Vapor pressures of the individual components of a typical copper- 
ammonium formate solution. Data of Zhavoronkov (1939) 

Calculated heat of vaporization 

caYg mole B t d b  mole 

9,280 16,700 
15,100 27,200 
12,610 22,700 
10,500 18,900 

Table 16-19 
Approximate Heats of Vaporization of Copper-solution Components 

absorbed (19,800 Btdlb mole) is believed to be a reasonable engineering approximation. 
Similar calculations based on the data of Hainsworth and Titus (1921) for a copper-ammoni- 
um carbonate solution indicate a heat absorption of the same magnitude. 

Calculation of heat effects also requires a knowledge of the heat capacity of the solution. 
For engineering estimates, this can be taken to be 0.8 Btu/(lb)("F). 
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CU++ 

2.5 
20.0 
2.5 
20.0 
16.0 
15.0 
26.0 
40.0 
13.0 
28.0 
12.0 

Table 16-20 
Average Values of Dmerential Heats of Solution for Carbon Monoxide in 

Copper-ammonium-salt Solutions* 

NH3 F O ~ C  

117.1 166.0 
123.9 166.0 
103.1 - 
106.4 - 
145.2 162.5 
163.4 128.0 
141.3 87.5 
156.8 37.5 
136.8 0.0 
145.9 158.7 
148.9 71.0 

Solution 

1 
2 
3 
4 
5 
6 
7 
8 
9 

10 
11 

cu+ 

119.0 
104.1 
106.2 
88.7 
123.1 
88.2 
103.1 
101.3 
94.3 
131.4 
91.8 

Solution composition, #iter 

T Acid 

- 
40.7 
79.5 
47.0 
85.4 
83.0 
52.0 

Lactic 

Diff. heat 
of sol. 

caUg mole 

12,000 
9,600 
11,600 
10,600 
12,200 
9,600 
10,500 
9,200 
13,100 
9,400 
13,200 

*Temperature, 0-80"C. Data of Zhavoronkov and Reshchikov (1933) and Zharoronkov and 
Chagunava ( I  9401 

Solution Composition 

The optimum solution composition is determined by a delicate balance of many factors 
including capacity for CO, stability, and cost. Since the primary active ingredient is the 
cuprous ion, it is desirable to have the solution as concentrated in respect to this component 
as possible. Ammonia increases copper solubility and also increases the effectiveness of the 
cuprous ion for absorbing carbon monoxide; however, the allowable ammonia concentration 
is limited by ammonia vapor-pressure considerations. The acid ion is necessary to maintain 
the copper in solution. The most inexpensive acid is carbonic acid, but carbonate solutions 
have higher ammonia and C 0 2  vapor pressures and cannot hold as much copper as do solu- 
tions of organic acids such as formic, acetic, or lactic. The organic acids are subject to 
decomposition and loss: however, their advantages make their use justifiable in many cases. 
The cupric ion is also a necessary component of the solution. However, too high a concentra- 
tion is uneconomical as this ion is inactive as a carbon monoxide absorbent. 

A study of copper solubility and the stability of carbonate and formate solutions was made 
by Pavlov and Lopatin (1947). These authors found the maximum possible concentration of 
copper to be 160 @iter in carbonate solutions and about 210 @iter in formate solutions. 
However, these values require uneconomically high ammonia concentrations. They recom- 
mend concentrations within the ranges given in Table 16-21. The lower portions of the 
ranges are preferred to minimize ammonia loss. 

Chemical analysis of solution samples from several operating formate plants showed total 
Cu concentrations from 103 to 150 gfliter; HCOOH concentrations from 55 to 88 @iter; and 
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Table 16-21 
Recommended C o m p O Q ~  Range for Copper-Ammonium Formate Solutions 

Concentration 
Component Range, gfl 

Total Cu 135-175 
cuff 1 5 4 0  

HCOOH 90-120 
CO2 60-70 
NHq 110-190 

I Data of Pavlov and Lopatin (1947) 

NH3 concentrations from 125 to 151 ghter. Data on acetate solution composition are given 
with other operating data in Table 16-22, which is based on a plant formerly operated by the 
Tennessee Valley Authority. 

Plant solutions are normally prepared by dissolving metallic copper in a mixture of ammo- 
nia, acid, and water. The use of distilled water is desirable since chlorides or sulfates, which 
may be introduced with less-pure water sources, can result in corrosion. It is necessary to 
blow air into the dissolver to oxidize the copper to the cupric state, and the cupric copper that 
is formed is capable of dissolving additional elemental copper by oxidizing it to the soluble 
cuprous form. The reaction is also of value as a means of controlling the cupric/cuprous ion 
ratio in the solution as it is made. Careful control of ammonia and acid concentrations is also 
required. An excess of acid relative to ammonia can cause the solution to become corrosive, 
while insufficient ammonia or acid can result in the precipitation of copper compounds. 

According to van Krevelen and Baans (1950), the reaction of CO with solution compo- 
nents is very fast. Since the physical solubility of CO in water is very low, the reaction zone 
in the liquid coincides with the liquid-gas interface. The rate of absorption, which is quite 
rapid, is determined entirely by the mass transfer of reactants and reaction products to and 
from the interface. 

Yeandle and Klein (1952) reported that a typical CO-absorption unit operating at 1,800 
psig will reduce the CO content of the gas stream from about 3.5% to less than 25 ppm, 
using about 75 gpm of copper-ammonium formate solution for 4,000 scf/min of feed gas. 
They claim that in practical plant experience with a solution inlet temperature of 0" to 5°C 
(32" to 41"F), about 70% of the theoretical CO/Cu+ ratio of 1: 1 can be attained. 

Detailed operating data on the absorption stages of a plant utilizing a solution containing 
acetic acid (as well as C 0 2  and some formic acid) are presented in Table 16-22. The 
absorber in this plant is 3-ft in diameter by 61-ft high and is packed with two 21-ft sections 
of 2-in. steel raschig rings. It is followed by a secondary scrubber, 2-ft in diamter by 47-ft 
high, which is packed with two 17-ft sections of 1-in. steel raschig rings. The secondary 
scrubber employs a solution fortified with excess ammonia to remove the last traces of COz. 
The solution from this column is recirculated until it begins to lose C02-absorption capacity; 
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Table 16-22 
Typical Plant-Operating Data for Absorption of CO and C& in 

Copper-ammonium-salt Solution 

Operating Variables J ~ Y  December 

Temperatures, OF: 
Gas entering primary scrubber 
Gas leaving secondary scrubber 
Solution entering primary scrubber 
Solution leaving primary scrubber 

Gas entering primary scrubber, psig 
Gas leaving secondary scrubber, psig 

Gas entering primary scrubber, cfm* 
Gas leaving secondary scrubber, cfm* 
Gas dissolved in solution (calculated), cfmt 
Solution entering primary scrubber, gpm 
Solution entering secondary scrubber, gpm 
Ammonia addn. to copper solution, IWmin 
Ammonia production in synthesis section, lb/min 

Gas++ entering primary scrubber: 

Pressures: 

Flows: 

Compositions: 

co2, % 0 
c o ,  % p 

Gas entering secondary scrubber, CO, ppm 
Gas leaving secondary scrubber: 

COZ, ppm 0 
CO2 + CO, ppm 0 
Hz, % 1 
CH4, % P 
Nz, %'I 

Solution entering primary scrubbers: 
Temp. of sample when sp. gr. was measured, O F  

Specific gravity 
Cu++, g/liter 
Cu+, @liter 
Total Cu, ghter  
Cu+/Cu++, gAiter 
NH,, g/liter 
HCOOH, gfliter 
COz, Niter 
CH,COOH, @iter 
HzO, g/liter 
Free NH3, eqhter 

106 
46 
32 
69 

1,635 
1,535 

8,350 
8,050 
300 
117 
7 

0.8 
163 

0.81 
2.70 
4 

<5 
<5 

74.6 
0.2 
25.2 

88 
1.153 
22.2 
84.4 
106.6 
3.80 
150.1 
8.5 

100.2 
51.1 
736.2 
3.24 

87 
36 
30 
65 

1,750 
1,710 

9,800 
9,425 
375 
119 
7 

0.7 
189 

0.72 
2.87 
<5 

<5 
c5 

74.7 
0.2 
25.1 

82 
1.157 
21.2 
90.3 
111.5 
4.26 
147.8 
10.9 
92.7 
55.0 
739.1 
3.33 
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Table 16-22 (Conthud) 
Typical Plant-Operating Data for- of CO and CO, in 

Copper-ammonium-salt Solution 

Operating Variables July December 
Free NH3/total Cu, @iter 1.60 1.59 
Ammonia activity 0 3.0 3.0 

Temp. of sample when sp. gr. was measured, O F  72 
Specific gravity 1.091 1.092 
Cu*, g/liter 45.7 28.0 
Cu+, ghter  22.9 63.0 
Total Cu, gniter 68.6 91.0 
Total NH3, @iter 212.3 208.1 
CO,, @iter 96.3 76.9 
Free NH3, mole % 17.5 18.0 

Solution entering secondary scrubber: 
77 

*Gas volumes are reduced to I atmosphere and 60°F (calculatedjlows). 
?This gas contains some H2. CH,, and N2. 

??Gas entering the primary scrubber contains approximately 0.1 percent oxygen. Dissolved oxygen in 
water used in CO, scrubber is the source of this oxygen. 

§These analyses were made according to the procedures described by Brown and coworkers (1945j 
¶This analysis was made with an Orsat gas analyzer. 

Source: Walthall(l958) 

at that time it is drained to the regeneration system and replaced with regenerated solution 
(Walthall, 1958). 

Solution Regeneration 

Regeneration of the copper-ammonium-salt solution is accomplished primarily by pres- 
sure reduction and the application of heat. Unfortunately, these operations have other effects, 
e.g., the vaporization of ammonia and the production of side reactions, which result in the 
requirement for a somewhat complex regenerator design. The regeneration temperature 
should be below 180°F in order to minimize the vaporization of ammonia and Occurrence of 
side reactions. The pressure of regeneration should be as low as economically feasible. Oper- 
ation at 1 atm is probably most common. 

The temperature limitation of regeneration (below 180°F) satisfactorily prevents undue 
losses of ammonia and solution decomposition but, unfortunately, also limits the degree of 
carbon monoxide removal that is attainable by simple evaporation. The last traces of carbon 
monoxide can be removed from the solution, however, by permitting the reaction in equation 
16-26 to proceed. By this reaction, carbon monoxide is oxidized to carbonate by the cupric 
ion, which is itself reduced to the cuprous state. This reaction is very slow at room tempera- 
ture but quite rapid at 170" to 180"F, so that it can be made to proceed most satisfactorily 
while the solution is still at regeneration temperature. 
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According to Egalon et al. (1955), a solution hold-time of 15 to 20 minutes is sufficient to 
ensure that the last traces of carbon monoxide will be oxidized. A French regeneration-sys- 
tem design, described by these authors, is shown in Figure 16-22. In this design, the temper- 
ature at the top of the scrubbing section is 40°C (104°F). The solution flows out of the bot- 
tom of this section at 65°C (149°F) and into the bottom of the lower section of the column. 
The solution flows upward through the tubes of the first heat-exchanger section, which 
serves as a preheater, then through the tubes of the second steam-heated exchanger, which 
serves as an evaporator. Vapors from the evaporator pass through a chimney tray and direct- 
ly up through the scrubber zone while the solution overflows at a temperature of 72°C 
(161.6"F) into an insulated holding tank, where removal of the last traces of carbon monox- 
ide is achieved by oxidation with cupric ions. This reaction is slightly exothermic, and the 
solution leaves the holding tank at approximately 77°C (170.6"F). No provision is made in 
this design for the addition of air to adjust the cupric/cuprous ion-ratio because, in the plant 
for which the system was designed, sufficient air was present in the gas feed to the absorber 
to reoxideize the necessary amount of cuprous ion. In other designs, air is added at the base 
of the regenerator column or in a separate vessel if dilution of the carbon-monoxide stream is 
undesirable. 

Operating Problems 

Principal operating problems of the copper-ammonium-salt CO-removal process may be 
listed as follows: 

1. Loss of active solution components 
2. Control of cuprous/cupric ion-ratio 
3. Recovery of pure carbon monoxide or a carbon monoxide-hydrogen mixture 
4. Formation of precipitates 
5. Corrosion 

Loss of ammonia with the purified gas from the absorber can be minimized by operating 
at a sufficiently high pressure and with a low-temperature solution. The loss that is incurred 
in this operation can be estimated from partial-pressure data such as those presented in Fig- 
ure 16-23. Ammonia losses can be more serious in the regeneration step because of the high- 
er temperatures and lower pressures involved, and, as mentioned in the preceding section, 
several process schemes have been developed to minimize losses from this operation. When 
ammonia is recovered by washing the exhaust gases with the rich copper solution, it is 
important that this solution be as cool as possible. Since a temperature rise occurs in the 
absorber, this in turn means that the lean solution fed to the absorber should be at the lowest 
possible temperature. Plants generally operate with the lean-solution temperature in the 
range of 32" to 68°F with perhaps 40°F a preferred value. 

When copper-ammonium carbonate is employed in the solution, the carbonate content 
equilibrates at a satisfactory operating level as a result of the absorption of COz from the gas 
being purified and the stripping of an equal quantity in the regeneration system. With c o p  
per-ammonium formate, on the other hand, a gradual loss of formic acid occurs due to oxida- 
tion to carbon dioxide. In the presence of cupric ion, it would be expected that the reaction 
would proceed as follows: 

HCOOH + ~ C U + +  + 2(OH)- = CO2 + 2H20 + 2CU" (16-32) 
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If formic acid is lost more rapidly than ammonia or if it is not replaced at the rate it is lost, 
the resulting excess of ammonia reacts with carbon dioxide so that the solution gradually 
approaches the copper-ammonium carbonate composition. This problem can be minimized by 
the use of more stable organic acids such as acetic or lactic. Cuprous lactate has also been 
reported to have the advantage of a high stability to reduction by CO (Gump and Emst, 1940). 

The cuprous/cupric ion-ratio can generally be controlled at the desired value (about 5 :  1 on 
a weight basis) by adding the proper amount of oxygen with the feed gas or as air to the 
regenerator. In some cases where excess oxygen is present, control of the ratio by reduction 
of Cu++ with CO is required. 

In a conventional regeneration system, the CO produced is contaminated with C 0 2  and 
also with nitrogen (if air is added to the regenerator). If pure CO or a CO-H, mixture is 
desired for recycle to the shift converter, special steps are required. The extent to which 
these are warranted depends on the relative value of the recovered CO. Some increase in 
purity can be realized by adding air in a separate vessel (similar to the hold tank in Figure 
16-22), so that the gas from the primary regenerator is at least nitrogen-free. A relatively 
C02-free stream of CO-H2 can be obtained by stripping in stages. 
The copper-ammonium-salt solutions are generally not corrosive to mild steel; however, the 

gases evolved during regeneration can be quite corrosive due to the presence of carbon dioxide. 
To prevent corrosion in the vapor zones, it is good practice to use stainless steel (vessels or lin- 
ers) in the exhaust-gas scrubber section and above the liquid in the evaporator section. 

COSORB Process 

The COSORB process, developed by Tenneco Chemicals, Inc. in the early 197Os, was ini- 
tially aimed at the recovery of high-purity carbon monoxide from nonconventional gas 
stream sources (Haase et al., 1982). However, since its introduction, the process has been 
licensed for carbon monoxide removal and recovery from a wide variety of gas streams, 
including those from hydrocarbon-steam reforming, natural gas partial oxidation, coke 
ovens, and coal gasification. KTI became the owner and exclusive licensor of the process in 
1983 and it is now offered by KTI COSORB Ltd., Inc. of Houston, Texas. The process is 
reported to be capable of removing more than 99.5% of the carbon monoxide from gas 
streams while producing a carbon monoxide product that is over 98% pure (KTI, 1994). 

The COSORB process resembles the copper-ammonium salt process described in the pre- 
ceding section in that it also uses a copper compound that forms a complex with absorbed CO. 
It is significantly different, however, in that the absorbent is nonaqueous. The active compo- 
nent is cuprous aluminum chloride (CuAlCh) dissolved in an aromatic base, toluene (Haase, 
1975). The absorption-desorption reaction can be represented by the following equation: 

CUAIC14C7H8 + CO = CuAlC14CO + C7H8 (16-33) 

The reaction proceeds to the right during absorption and to the left when the complex is heat- 
ed during regeneration. 

The absorbent is inert to gases such as hydrogen, carbon dioxide, methane, and nitrogen 
normally found in synthesis gas, although these compounds exhibit some degree of physical 
solubility in the toluene base. Water in the feed gas reacts quantitatively with the active 
ingredient in the absorbent to form HCl gas and a waste product that is soluble in the solvent. 
Because of this reaction, it is necessary to predry the feed gas to a COSORB unit, preferably 
to less than 1 ppm H20. Other gaseous impurities, which may be present in the feed gas such 



1358 Gas Pur6cation 

as hydrogen sulfide, sulfur dioxide, ammonia, methanol, and olefins can also react irre- 
versibly with the solvent and should be reduced to low levels before the gas enters the 
COSORB process absorber. 

The COSORB process has the advantage over cryogenic and adsorption processes for CO 
removal and recovery of being based on chemical selectivity rather than physical property 
differences. It is capable of producing a purer CO product than cryogenic processes when the 
feed gas contains nitrogen because nitrogen and carbon monoxide are quite difficult to sepa- 
rate by distillation. Similarly, it produces a purer CO product than adsoprtion (PSA) when 
the feed gas contains methane because methane is adsorbed even more strongly than carbon 
monoxide. However, when the principal objective is hydrogen purification, cryogenic and 
adsorption processes are usually more economical. 

A simplified flow diagram of a COSORB unit is shown in Figure 16-24. The overall 
process generally includes: (1) feed gas preparation, (2) carbon monoxide absorption (com- 
plexing), (3) carbon monoxide desorption (decomplexing), (4) aromatic solvent recovery 
from effluent gas streams, and (5) compression of CO product stream. Steps (1) and ( 5 )  are 
not shown on the flow sheet. 

The feed gas preparation section typically includes refrigeration and molecular sieve 
adsorption for water removal and activated carbon adsorption for removal of sulfur com- 
pounds to acceptable levels. The pretreated feed gas enters the bottom of the absorber where it 
is contacted countercurrently with the active solvent. Gas leaving the top of the absorber, with 
a residual carbon monoxide concentration in the ppm range, is treated for solvent recovery. 

The flow diagram shows a preflash system, which is considered optional in the process. 
Rich solution from the absorber is flashed to a lower pressure in this unit to remove physically 
dissolved gases, The released gases are washed with lean solvent to reabsorb any carbon 
monoxide and may be further treated for aromatic solvent recovery before exiting the process. 

SYNWESIS GAS COPRODUCT 

Figure 16-24. Simplified diagram of the COSORB process. (K77,7994) 
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The rich solvent is next heated by heat exchange with regenerated solvent and fed to the 
top of the stripper. This column operates with a steam heated reboiler and a water cooled 
condenser. The solvent is heated to about 135°C (275°F) in the stripper. Carbon monoxide 
offgas passes through the condenser then through an aromatic solvent recovery unit before 
release as product. Hot lean solvent from the stripper is pumped through the heat exchanger 
and a cooler before retuning to the top of the absorber. 

Because of the high volatility of the aromatic solvent, it is necessary to include aromatics 
recovery operations on all product gas streams. This is accomplished for the absorber and 
stripper off gas streams by a combination of compression, refrigeration, and treatment with 
activated carbon. Chilling is generally adequate to recover aromatics from the small amount 
of gas produced by the preflash system. 

It is reported that mild steel is generally applicable as the material of construction for 
COSORB units; however, some specifically selected stainless steels, copper nickel alloys, 
and brass are also acceptable (Haase et ai., 1982). 

The removal of hydrocarbon vapors from gas streams by absorption in liquid oils is an 
important part of many industrial operations. In some cases, such as natural gasoline recov- 
ery, the absorption step is but a portion of a refining process that produces several commer- 
cial products, and the gas purification aspects of the operation are of little importance. In 
other cases, such as the removal of aromatics from coke-oven gas, the absorption process 
serves to improve the value of the product gas. Processes for the removal of light oil (primar- 
ily benzene) and naphthalene from coke-oven gas are described in this section. 

In general, the design of hydrocarbon absorption systems is straightforward. Since mass 
transfer is not complicated by the Occurrence of chemical reactions, conventional absorption 
coefficient, theoretical plate, and absorption factor concepts can be used for design calcula- 
tions (see Chapter 1). Basic data for such calculations, including the thermodynamic proper- 
ties of compounds found in coke-oven gas and equilibrium data for several gas-coal liquid 
systems, are given in the U.S. DOE Coal Conversion Systems Data Book (1982) and other 
hydrocarbon data compendia. 

Light Oil Removal from Coal Gas 
The principal sources of coal gas are coke ovens operated to produce coke for iron and 

steel-producing operations. The light oil content of the gas depends upon both the manner of 
carbonization and the nature of the coal. Typically, it accounts for about 1% (by volume) of 
the raw gas stream, and the recovered liquid has a composition as indicated by Table 16-23. 

As indicated by the analysis, benzene is by far the most abundant compound in the light 
oil. For this reason the total liquid recovered is sometimes referred to as benzol. The mar- 
ketable benzene products of specified punty are also referred to as benzol (e.g., l” benzol, 
industrial benzol, etc.), and the word “toluol” has the same significance with regard to 
toluene. Carbon disulfide can also be removed from the gas stream during the light oil recov- 
ery operation, and, in some installations, which are specifically designed for this service, car- 
bon disulfide removal is of equal importance to benzol recovery. 

A simplified flow diagram of a coke by-product recovery plant is shown in Figure 16-25, 
which is based on the paper of Kroll and Barry (1991). A flow diagram of a typical light oil 
recovery section is given in Figure 16-26. Light oil removal is accomplished by washing the 
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Table 16-23 
Typical Composition and Yield of Crude Light Oil from Coke-oven Gas Operation 

Constituent 
Original Conc., Conc. in Crude 

gayton coal light oil, % 

Benzene 1.85 57.8 
Toluene 0.45 14.1 

Unsaturated hydrocarbons, etc. 0.16 5.0 

0.20 6.2 Wash oil 

Xylenes and light solvent naphtha 0.30 9.4 

Naphthalene and other heavy hydrocarbons 0.24 7.5 

Total crude light oil 3.20 100.0 
- - 

Source: Porter, 1924 

gas with lean oil in a countercurrent absorption tower. Rich oil from the bottom of the 
absorber is pumped through heat exchangers in which it is heated first by the vapors leaving 
the top of the still, then by the lean solution leaving the bottom of the still, and finally by 
steam, before it is fed into the still (stripping column) near the top. In the process illustrated, 
the still is operated under vacuum, although atmospheric pressure operation is more conven- 
tional. Steam is admitted into the bottom of the still to provide stripping vapor for the light 
oils and thereby to minimize the temperature required for adequate stripping. 

Lean oil from the still is pumped through a heat exchanger and cooler and back to the 
absorber. Vapors from the still are cooled with partial condensation by indirect heat 
exchange with the rich oil. The condensate is passed to a separator, which removes water, 
and the liquid hydrocarbons are returned to the still as reflux. The partially cooled vapors are 
then passed to the benzol condenser where relatively complete condensation is obtained by 
the use of cooling water. In this particular plant, the condensate and noncondensed vapors 
are then passed through a vacuum pump to a separator. From this, noncondensed gases are 
returned to the fuel gas main, water condensate is removed for disposal, and the hydrocarbon 
layer is transferred to the crude-benzol storage tanks. 

Recent national standards for hazardous air pollutants have placed strict controls on ben- 
zene emissions from coke-oven facilities. These regulations result in the requirement to 
enclose and seal all process vessels and tanks and to direct all vent streams to a collection 
system where benzene can be recovered and destroyed. The design of vapor control systems 
for coke-oven byproduct recovery plants to minimize the emission of benzene to the atmos- 
phere is discussed by Kroll and Barry (1991). 

Wash Oils 

Although a large number of hydrocarbon liquids have been proposed for absorbing the 
light oil fraction of coal gas, the most commonly used materials are petroleum liquids (gas, 
oil, and straw oil) and coal-tar fractions (creosote oil). The coal-tar oils have the obvious 
advantage of being available at any coke plant. However, they have several disadvantages, 
chief among these being their tendency to become more viscous with use. Because of this 



Miscellaneous Gas Purijkation Techniques 1361 



1382 Gas Purification 

Figure 16-26. Simplified flow diagram of light oil absorption plant. 

factor, and frequently because of cost considerations, petroleum-base wash oils are generally 
favored. The properties of several typical wash oils of the two types are presented in Table 
16-24. As shown in the table, the coal-tar oils have appreciably higher capacities for benzene 
than the petroleum oils. However, this advantage can be lost by the “thickening” phenome- 
non noted above. The solubilities of important light oil constituents in a typical hydrocarbon 
oil are presented in Table 16-25. 

The use of partition coefficients (as given in Table 1625) rather than equilibrium con- 
stants was quite common among early investigators who produced much of the available 
data on coal gas systems. If Raoult’s law is assumed to hold, Le., p = XP for each component, 
the partition factor, k, can be defined as follows: 

Where: cL and CG = equilibrium concentrations of solute in the liquid and gas phases, 
respectively, expressed in weight per unit volume units (e.g., lWcu ft) 

s = specific gravity of solvent 
T = absolute temperature, K 
M = molecular weight of solvent 
P = vapor pressure of the pure component at temperature T, mm Hg 
p = partial pressure of the component in the gaseous phase, mm Hg 
x = mole fraction of the component in the liquid 
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Table 16-24 
Properties of Typical Petroleum and Coal-tar Oils Used for Benzol Recovery 

Wash oil (fresh) 

Creosote oils: 
Light fraction (free 
from tar acids) 

Light (tar acids 
17.5% by volume] 

Medium (tar acids 
20% by volume) 

Light fraction, (a) 
Petroleum-gas oils: 

Fraction (b) 

Fraction (c) 

Distillation 
Range, "C 

205-265 
200-300 

(95%) 
200-350 
(90%) 

214-285 
(9546) 

210-400 
(95%) 

260-365 
(95%) 

Source: Hoffeert and Chaton, 1938 

specrec 
Gravity 
:zonooc) 

0.9535 

1.0135 

1.03 1 

0.8295 

0.8635 

0.849 

25 

35 

5 1  

36 

70 

92 

Volatility 

at 20°C 
(loss to gas) 

- 

g/cu I 

2.8 

1.9 

2.0 

1.7 

1.75 

0.9 - 

pUmiUion 
cu ft 

18.3 

11.7 

12.1 

13.0 

12.5 

6.7 

Absorptive capacity, 
concentration 

of benzene 
in liquid in 
equilibrium 

with benzene vapor 
at 6.5 mm Hg 

pressure 

4.55 

3.95 

3.6 

3.2 

2.9 

2.8 

~ O L n O o  vol. 
absorbent 

5.15 

4.75 

4.35 

3.1 

2.95 

2.8 

Measured partition coefficients can be used to calculate apparent molecular-weight values 
for the solvent by application of equation 16-34; this has been done for the data of Table 
16-25. Since the apparent molecular-weight values do not vary over a very wide range, they 
can be interpolated readily to provide a reasonably accurate basis for estimating partition 
coefficients at intermediate temperatures or for alternate components (of a similar nature). 

In addition to capacity, the following factors are of importance in the selection of a suitable 
wash o i l  

1. The specific gravity should be far enough removed h r n  that of water to permit satisfacto- 

2. The viscosity should be as low as possible. 
3. The initial boiling point of the oil should be as high as possible to minimize vaporization 

into the purified gas and to permit separation of the light oil and wash oil to be accom- 
plished readily. 

ry settling without the formation of an emulsion. 
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Table 16-25 
Solubilities of light-oil C o d W t e n b  in Typical FeWeurn Oil" 

solute 

Carbon 

Benzene 
Toluene 
Xylene 
Naphthalene 

disulfide 

Solubility 
(Partition coefficient, k) 

Ib per cu ft in liquid/ 
Ib per cu ft in gas 

25°C 
(77°F) 

235 
650 

2,030 
7,570 

171,000 

80°C 
(176°F) 

56 
114 
280 
716 

8,620 

130°C 
(266°F) 

22 
36 
79 

170 
1,320 

Apparent molecular wt. of oil 

25°C 
(77°F) 

187 
260 
272 
248 
321 

80°C 
(176°F) 

161 
215 
228 
222 
276 

130°C 
(266°F) 

143 
199 
193 
200 
25 1 

*Designated "Benzol Absorption Oil, " specific graviry at 20°C (68°F). 0.871; viscosity at 20°C (68'F), 12.4 cp, 

Source: Daia of Silver and Hopion, 1942 
boiling point: first drop 270°C (518'F), 50perceni 331°C (627.8'F). 75 percent 380°C (716°F). 

Absorber Design 

In view of the long history of light oil recovery (dating back to before 1889), it is not sur- 
prising that a great number of absorber designs have been developed. These include horizon- 
tal multi-chamber scrubbers and mechanical washers as well as conventional countercurrent 
columns. Currently used absorbers are generally packed or spray columns as described in 
Chapter 1. Wood grid packing was formerly used in packed towers, but it has been largely 
displaced by newer low-pressure drop, metal-packing designs. 

Since the equilibrium curves for light-oil components are reasonably close to linear and the 
operating line is relatively straight in typical light-oil absorption operations, simplified design 
equations such as equation 1-11, based on K&; equation 1-17, based on transfer units; and 
equation 1-18, based on theoretical plates, can be employed. Modified forms of these equ* 
tions based upon weightholume partition factors (see Table 16-25) rather than mole fractions 
have been used by a number of investigators. In these units, the parameter &/mGM of equa- 
tions 1-17 and 1-18 becomes U/G,  where. the gas and liquid rates are based on volume and k 
is the partition coefficient cL/cG. As with the parameter LdrnG,,,, an LWG value of 1.0 repre- 
sents the minimum liquidlgas ratio which can result in complete removal of the component in 
a tower of infinite height. In actual practice, LWG values on the order of 1.3 are typical for 
light oil absorption. The required flow ratio of oil to gas for obtaining essentially complete 
removal of carbon disulfide, benzene, toluene, xylene, or napththalene with the typical petre 
leum fraction used to obtain the data in Table 16-25 can be calculated directly by dividing the 
assumed LUG value (e.g., 1.3) by the partition coefficients given in the table. Such calcula- 
tions show that an oil rate of approximately 35 gaV1,000 cu ft of gas is required to provide 
substantially complete removal of carbon disulfide (at 77°F) as compared to 13 gaY1,OOO cu ft 
for benzene removal and only 4 gaY1,000 cu f t  for toluene removal. 
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The rich “benzolized” wash oil is stripped of its light oil content by fractional distilla- 
tion-most commonly in a tray column operated at substantially atmospheric pressure with 
direct-steam addition to the bottom. The number of theoretical trays required for the separa- 
tion can be calculated by conventional techniques and the actual requirement estimated on 
the basis of an assumed tray-efficiency. Overall efficiencies of 45 to 70% have been reported 
as typical for light oil stripper stills (Silver and Hopton, 1942; Glawacki, 1945), and 10 to 15 
actual trays are commonly employed below the feed. 

Raschig-ring packed stripping stills are also used to some extent and data on several such 
columns have been presented by Silver and Hopton (1942). For purposes of design, these 
authors recommend a KLa for benzene of between 5 and 8 lb/(hr)(cu ft)(lb/cu ft) [or lb 
moled(hr)(cu ft)(lb moldcu ft)] for Win. rings at oil rates from 100 to 150 gaV(hr)(sq ft) and 
superficial steam velocities of from 0.2 to 0.3 f p s .  Both liquid- and steam-flow rates are based 
on the empty column, and the steam-velocity values assume that no other vapors are present. 

Operating Data 

Operating data from four plants were presented by Silver and Hopton (1942). A summary 
of data on two of these plants, which illustrates the performance of commercial installations 
designed primarily for benzol removal and sulfur removal, respectively, is presented in 
Table 16-26. 

Table 16-26 
light-Oil Recovery Plant Operating Data 

Plant Variables Plant A* Plant Bt 
Gas-flow rate, s c f h  45,700 264,500 
Oil circulation rate: 

g a l h  510 9,000 
gaV1,000 cu f t  11.2 34.1 

Mean wash temperature, “F 68.9 63.5 
Steam-flow rate: 

l b h  20 1 1,080 
lb/gal of oil 0.39 0.12 

Mean still temperature, O F  239.9 176 
Still pressure, psia 15.4 4.5 
Light-oil recovery: 

gal/10,000 cu ft 2.23 2.60 
percent 88 87 

Carbon disulfide in feed, graindl00 cu ft 18.7 22.8 
Carbon disulfide recovery, % 52 91 

*Designed primarily for benzol recovery. 
?Designed primarily for carbon disulfide recovery. 
Source: Silver and Hopton, 1942 
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The principal operating difficulties in light oil recovery plants are wash-oil deterioration, 
as evidenced by an increase in viscosity or the formation of sludge, and corrosion-which 
has been shown to be due primarily to the presence of ammonium thiocyanate in the oil 
(Cawley and Newall, 1945). The formation of sludge is believed to be due to oxidation 
and/or polymerization of certain coal-gas constituents such as indene or styrene. The sludge 
deposits interfere with plant operation by coating heat-transfer surfaces and tower packings. 
The sludge problem can be minimized by prior treatment of the gas with an electrostatic pre- 
cipitator to remove sludge-forming components that are present in particulate form; howev- 
er, a more practical approach is to regenerate the wash oil. One successful method of accom- 
plishing this involves the use of steam distillation of a small slip stream of the wash oil 
which is bypassed into a separate vessel. A relatively large amount of steam must be passed 
through the oil to vaporize the wash-oil components. However, the steam and wash-oil 
vapors are passed directly into the main stripper so that their heat content is not lost. Non- 
volatile sludge residue is periodically discarded from the regenerator vessel. 

Naphthalene Removal from Coal Gas 

The removal of naphthalene from coal gases is of considerable importance because, unlike 
other hydrocarbons present in the coal gases, naphthalene condenses as a solid when the 
temperature of the gas is lowered, resulting in the plugging of processing equipment and dis- 
tribution lines. Naphthalene is formed in varying quantities during coal carbonization, 
depending on the carbonization temperature. In typical high-temperature carbonization oper- 
ations, the gas may contain as much as 250 grains of naphthalene per 100 cu ft, while less 
than 100 grains/100 cu ft may be formed under low-temperature carbonization conditions. 
Because of its high boiling point (218"C), most of the naphthalene condenses with the tar in 
the primary gas coolers. However, appreciable amounts, typically 15 to 50 graindl00 cu ft, 
remain in the gas after the primary cooling step. In order to protect distribution lines against 
deposition of solid naphthalene, it is customary to remove the naphthalene so that the final 
concentration is about 2 grainsllOO cu ft (Hopton, 1953). 

Process Description 

A closed system for removing naphthalene from coke-oven gas in the final cooler is 
described by Kroll and B a y  (1991). In this system, recycled water and fresh water are 
sprayed into the process gas at high flow rates to cool and saturate the gas with water. Naph- 
thalene is condensed and collected with the water. The naphthalene is removed from the 
water by contact with liquid tar in a liquid-liquid extraction step at the bottom of the spray 
contactor. After naphthalene removal the water is pumped through an indirect heat exchang- 
er (cooler) and recycled with fresh water makeup to the spray nozzles. 

Naphthalene is adequately removed in the oil-washing operation for benzol recovery, and 
a separate naphthalene removal step is not required if benzol is recovered. This type of oper- 
ation is shown in the overall coke byproduct recovery flow diagram (Figure 16-25) where 
residual naphthalene in the gas from the final cooler is removed by the light oil scrubber. 
However, in some cases it is advantageous to remove naphthalene in a separate step before 
the gas is processed for the removal of benzol and other impurities. This is usually accom- 
plished by oil washing. 
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The types of oils used for light-oil absorption are also suitable for naphthalene removal. 
Petroleum oils which are free of naphthalene are preferable from the standpoint of maximum 
naphthalene removal. However, coal-tar oils have a somewhat higher absorptive capacity. 

A schematic flow diagram of a naphthalene-removal installation is shown in Figure 
16-27. The gas is washed with the oil in an absorber of special design, permitting efficient 
contact between a large volume of gas and a small quantity of liquid. Because of the similar- 
ity of the operation, the same absorber designs are used for naphthalene removal as for ben- 
zol absorption. Countercurrent towers containing two stages of packing are normally used. In 
the lower section of the tower, where the bulk of the naphthalene is removed, the gas is 
washed with partially rich oil which is recirculated at a high rate. The partially purified gas 
enters the upper section of the tower where the naphthalene content is reduced to the desired 
level by contact with a small stream of fresh oil. The fresh oil is required at such a low rate 
that continuous countercment addition would result in poor contact between the gas and the 
liquid, and the fresh oil is, therefore, often injected intermittently at a sufficiently high rate to 
wet the packing of the upper tower section. The oil leaving the upper section of the absorber 
joins the recirculating oil stream in the lower section, thereby providing fresh oil for bulk 
naphthalene absorption. Venturi scrubbers are sometimes used as naphthalene absorbers. 
Rich oil is continuously withdrawn from the system at the same rate at which fresh oil is 
added, it is then stripped of naphthalene by steam distillation and reused, as shown in Figure 
16-27. A convenient way of disposing of the stripped naphthalene consists of returning the 
stripper overhead vapors to the gas-collecting main ahead of the primary cooler in order to 
condense the naphthalene with the tar in the primary cooler. However, the rich oil is not 
always regenerated and may be processed in a variety of ways, depending on the overall eco- 
nomics of the installation. 

ABSORBER RICH OIL LEAN OIL STRIPPER 
STORAGE TANK STORAGE TANK 

Figure 16-27. Simplified flow diagram of naphthalene-removal installations. 
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Absorption columns can be designed by the use of simplified equations as described in the 
preceding section for light oil absorption. Because of the relatively low vapor pressure of 
naphthalene and its high solubility in various oils (see Table 16-25), very low oil rates are 
required to obtain a high removal efficiency. The vapor pressure of naphthalene as a function 
of temperature is shown in Figure 16-28 and vaporfliquid equilibria for naphthalene and 
three different petroleum oils are presented in Figure 16-29 (Speece, 1925). In general, oil- 

Figure 16-28. Vapor pressure of naphthalene. 

NAPHTHALENE - GRAINS /!oO CU FT GAS 

Figure 16-29. Vapor liquid equilibria of naphthalene in various oils (Speece. 1925). Oil 
A: Crude oil saturated with benzene. Oil E: residuum gas oil. Oil C: crude oil. 
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circulation rates of about 0.01 to 0.1 ga1/1,0oO cu ft of gas are required to reduce the naph- 
thalene content of typical coal gases to less than 2 graindl00 cu ft. An oil-circulation rate of 
0.035 gaV1,OOO cu f t  of gas has been calculated by Hopton (1953) for an LMG value of 1.3 
by using partition factors for petroleum oil given in Table 16-25. 

Stripping columns are also designed in the same manner as those used in light-oil recovery 
plants. Hopton (1953) recommends a steam rate of 16.5 lldgal of oil for operation at 248°F 
and 1 psig pressure. This value is based on GLk value of 1.3 and the use of petroleum oil. 
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Appendix 

Unlts and Conversion 

Quantity 
Length 
Mass 
Time 
Temperature 
Amount of substance 
Force 
Work or energy 
Power 
Pressure 
Dynamic viscosity 
Kinematic viscosity 
D i ff u s i v i t y 
Surface tension 
Enthalpy 
Entropy 
Heat capacity 
Thermal conductivity 
Heat transfer coefficient 
Mass transfer coefficient 

Length 

Area 

Volume 

Mass 

Force 

SI UNITS 
SI unit 
meter 
kilogram 
second 
kelvin 
mole 
newton 
joule 
watt 
pascal 

Symbol 
m 
kg 
S 

K 
mol 
N = kg m/s2 
J = N m  
W = J/s 
Pa = N/m2 
Pa s or N s/m2 
m2/s 
m2/s 
Jim s or N/m 
Jk 
J k g  K 
J/kg K 
W/m K 
W/m2 K 
m/S 

FREQUENTLY USED CONVERSION FACTORS 

1 in. = 2.54 cm 
1 ft = 0.3048 m 
1 in3 = 6.45 16 cm2 
1 ft2 = 0.092903 m2 
1 in? = 16.387 cm3 
1 ft3 = 7.4805 gallons (U.S.) = 0.02832 m3 
1 gallon (US.) = 3785.4 cm3 
1 barrel (oil) = 42 gallons (U.S.) = 0.15987 m3 
1 lb = 7,000 grains = 0.45359 kg 
1 ton (long) = 2,240 Ib = 1016.06 kg 
1 lbf = 4.4482 N 
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Appendix 1 3 s  

Temperature difference 
Energy (work, heat) 

Heating value (volumetric) 
Velocity 
Volumetric flow 

Mass flow 
Density 

Pressure 

Power 

Viscosity, dynamic 

Viscosity, kinematic 
Surface tension 
Mass transfer coefficient 
Heat transfer coefficient 
Enthalpy 
Heat capacity 

1 dyn 
1°F (OR) 
1 cal (I.T.) 
1 erg 
1 Btu (I.T.) 
1 Btu/ft3 
1 f/s 
1 ft% 
1 U.S. gaYmin (gpm) 
1 l b h  
1 I b h 3  
1 Ib/ft3 
1 atm (std) 
1 Ibf/in.2 (psi) 
1 mm Hg (0°C) = 1 torr 
1 hp (British) 
1 Btdh 
1 ton of refrigeration 
1 P (poise) 
1 Ib/ft s 
1 St (stoke) 
1 erg/cm2 = 1 dyn/cm 
1 ftWft2 =1m 
1 Btu/h ft2"F 
1 BtuAb 
1 Btu/lb"F 

= 252 cal (I.T.) 

= 14.6% Ibf/im2 

= 10-5 N 

= 10-7 J 

= 5/9 "C (OK) 
= 4.1868 J 

= 1,055.056 J 
= 37.259 kJ/m3 
= 0.3048 m/s 
= 0.0283 16 m3/s 
= 63.09 cm3/s 

= 27.680 gkm3 
= 16.019 kg/m3 
= 101.3250 W a  
= 6.8948 kPa 
= 133.32 Pa 
= 745.70 W 
= 0.29301 W 
= 3516.9 W 
=0.1 Ns/m2 
= 1.4882 N s/m2 
= 1CP m2/s 
= N/m 
= 0.084667 m/s 
= 5.6783 W/m2 K 
= 2.326 kJkg 
= 4.1868 kJkg K 

= 0.1260 g/s 

ABBREVIATIONS, CONSTANTS, AND USEFUL NUMBERS 

For SI units m = milli, lC3; C = centi, 
scf = standard cubic feet of gas (60"F, 1 atm) 
Mscf = thousand standard cubic feet of gas 
MMscf = million standard cubic feet of gas 
s.t.p. = standard temperature and pressure (273.15 K and 1.013 x 105 Pa) 
1 grain per 100 scf = 24.19 mg/m3 (s.t.p.) 
1/4 grain H,S per 100 scf = 4 ppmv H,S 
Volume of 1 Ib mol of ideal gas at 60°F and 1 atm = 379.5 scf 
Volume of 1 kmol of ideal gas at s.t.p. = 22.41 m3 
Gas constant, R = 1.986 BtuAb mo1"R = 8.314 J/mol K 

k = kilo, lo3; and M = mega, 106 



Absorbers, 
design of, 12-35 
for ethanolamine processes, 11 1 
for exhaust gas purification, 1329-1332 
for fluoride removal, 4 4 1 4 8  
for glycol dehydration process, 976-983 
for limestondime sulfur dioxide removal 

for liquid hydrocarbon treating, 166-170 
selection of, 6-8 
for water wash process, 4 1 8 4 8  
(see also Columns; Contactors; Towers) 

process, 501-504 

Absorption, definition of, 2 
Absorption coefficients, 

for ammonia in water, 299-302 
for carbon dioxide, in ethanolamine 

solutions, 115 
in hot potassium carbonate solutions, 

in sodium carbonate-bicarbonate 
solutions, 379,380 

in sodium hydroxide-carbonate 
solutions, 380 

in water, 427-432 
for carbon monoxide in copper 

for chlorine in water, 461-463 
for fluorides in water, 444-448 
for hydrogen sulfide in ethanolamine 

349,351-353 

ammonium salt solutions, 1253 

solutions, 115 
Acetylene, 

hydrogenation of, 1 180-1 183 
catalysts for, 11 8 1 
equilibrium constants for, 1182 
heats of reaction for, 11 82 

vapor pressure of, 1341 
Acticarbone process, 1106 
Activated alumina, 

capacity for water of, 1036 
as catalyst for sulfur conversion, 674 
gas dehydration with, 1039 
physical properties of, 1035, 1040, 1041 
removal of hydrochloric acid with, 1128 

Activated bauxite, 1039,1040 
capacity for water, 1036 

dehydration with, 1039 
physical properties of, 1035, 1041 

Activated Benfield process, 362 
Activated carbon, 

adsorption of organic vapors on, 

adsorption isotherms for hydrocarbons 

air purification with, 11 17-1 124 
capacity of, for organic compounds, 1089, 

gas velocity through beds of, 1103 
heat of adsorption of organic compounds 

pressure drop through beds of, 1101, 1102 
properties of, 1088-1093 
solvent recovery with, 1093-1 117 
sulfur dioxide removal with, 634-641 
support screens for beds of, 1099 
tests for evaluation of, 1092 
VOC removal with, 1093-1109 

1087-1 124 

on, 1089,1090 

1090,1100,1122 

on, 1100 

Activated carbon filters for amine solutions, 
250-255 

sizing criteria for, 252 
pressure drop through, 253,254 

Activated charcoal, 1088 (see also Activated 

Active alumina (see Activated alumina) 
Active carbon (see Activated carbon) 
Activity coefficient, 

of water in ethylene glycol, 1005 
of water in methanol, 1006 

carbon) 

Adip process, 53 
Adip solutions, 

specific gravity of, 102 
specific heat of, 107 
viscosity of, 105 
(see also Diisopropanolamine solutions) 

Adipic acid, 514-517 
Adsorbents, dehydration, 1034-1044 

capacity for water of, 1036-1038 
design capacity of, 1055-1060 
pressure drop through beds of, 1051-1055 
properties of, 1035, 1037, 1040, 1043 
regeneration of, 1063-1066 
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selection of, 1049-1051 (see also specific 
adsorbents) 

Adsorption, 1023-1 129 
for air purification, 11 17-1 124 
cycles, 1024-1026 
definition, 2 
for dehydration (see Dehydration) 
design methods, 1026-1030,1048-1063 
fluidized bed, 1109-1 115 
of gas impurities on molecular sieves, 

heat effects during, 1029,1102 
of hydrochloric acid, 1128 
of iron and nickel carbonyls, 1128 
mechanism of, 1023,1024,1044-1048 
of mercury, 11 27 
for odor removal, 11 17-1 127 
of organic vapors on active carbon, 

pressure swing cycle, 1081-1086 
of radioactive isotopes, 1128 
of traces of sulfur, 1 126 
of sulfur dioxide, 634-64 1 
of water vapor, 1030-1070 (see also 

Adsorption vessels, design of, 1060-1063 
Air, 

101 8-1086 

1087-1 117 

Dehydration) 

water content of, in contact with lithium 

water content of saturated, 952 

by Kathabar system 1015-1017 
with lithium chloride solutions, 

with glycol solutions, 962,963 

chloride solutions, 1012 

Air dehydration, 

1010-1017 

Air pollution by sulfur dioxide, 469-474 
Air purification, 

by adsorption, 1077,1117-1124 
by catalytic oxidation, 767-783 
for low temperature separation, 1077 

Air separation by membrane permeation, 

Aldehyde process for sulfur scavenging, 1315 
Alkacid process, 397400 

solution “dik,” 399 
solution “M,” 400,401 
vapor pressure of hydrogen sulfide over 

solutions, 400 

removal, 334-393 

removal, 544-564 

1282-1287 

Alkali carbonate solutions for acid gas 

Alkali metal compounds for sulfur dioxide 

Alkali metal sulfite-bisulfite process, 554-559 
Alkaline earth compounds for sulfur dioxide 

Alkalized Alumina process, 63 1 
Alkanolamines, 40-277 (see also 

Alumina (see Activated alumina) 
Aluminum sulfate solution for sulfur dioxide 

removal, 582-584 
Amine process for hydrogen sulfide and car- 

bon dioxide removal (see Ethanolamine 
process, and specific amines) 

Amine Guard process, 42 
Amine recovery, water wash for, 58-59 
Amines, aromatic, sulfur dioxide recovery 

with, 589-597 (see also 
Dimethy laniline; Toluidine; Xylidine) 

removal, 496-544 

Ethanolamines) 

Amisol process, 1231-1233 
Ammonia, 

in coal gas, 280,292 
distillation of, 298 
heat of vaporization of, from copper- 

heats of reaction of, with hydrogen 

heat of solution of, 291-294 
Henry coefficient for, in pure water, 285 
losses of from copper-ammonium-salt 

solutions, 1356 
reactions with hydrogen sulfide and 

carbon dioxide, 319-321 
recovery of, as ammonium salts, 308-3 18 
use in Katasulf process, 1163 
vapor pressure of, 283-292, 1341 

over ammonia-sulfur dioxide-water 
solution, 565-567 

over aqueous solutions, 283 

ammonium-salt solutions, 1350, 1351 

sulfide and carbon dioxide, 320 

Ammonia absorption by water, 
in packed towers, 299-302 
in spray towers, 301-302 

Ammonia-Ammonium Bisulfate (ABS) 

Ammonia-calcium pyrophosphate 

Ammonia-lime double alkali process, 

Ammonia removal, 292-302 
by Chevron WWT process, 3 14-3 18 
by direct process, 308 
by indirect process, 308-3 10 
by Phosam process, 3 11 
by semidirect process, 308-310 

process, 573 

process, 582 

581,582 
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Ammonia solutions, 
boiling point diagram of, 284 
carbon dioxide removal with, 319 
equilibrium with coke oven gas, 292 
heat of absorption of sulfur dioxide in, 567 
hydrogen sulfide removal with, 318-326 
specific gravity of, 282 
sulfur dioxide removal with, 564-582 
vapor pressure of ammonia, hydrogen 

sulfide, carbon dioxide and water 
over, 283-292 

Ammonia-sulfur dioxide-water solutions, 
pH of, 566 
vapor pressure of ammonia and sulfur 

dioxide over, 565-567 
Ammonium sulfate, 

production by Katasulf process, 1163 
saturator for production of, 3 10 
solubility of, in water, 295 
physical properties of solutions of, 295 

Ammonium sulfite solutions, removal of 
sulfur dioxide with, 564-582 

AMOCO cold bed absorption process, 

Aqueous Carbonate process, 606,607 
Aqueous Aluminum Sulfate process, 

5 82-5 84 
Aromatics, absorption of in glycol solutions, 

994-997 
Arsenic trioxide, use of in Giammarco- 

Vetrocoke process, 371-378 
ASARCO process, 593-595 
ATS Technology process, 578,579 
Autopurification process, 746-748 

Babcock and Wilcox FGD process, 534-535 
BASF Catasulf process, 696,697 
BASF (MDEA) process for carbon dioxide 

Battelle Zinc Oxide spray dryer process, 932 
Bauxite (see Activated bauxite) 
Beavon Sulfur Removal process, 717-719 
Bechtel seawater process, 600-601 
Benfield process (see Hot potassium 

Benzene, 

703-706 

removal, 60 

carbonate process) 

capacity of activated carbon for, 1100 
heat of adsorption on activated 

solubility of, 
carbon, 1100 

in petroleum oil, 1363 
in triethylene glycol, 995 

Benzol removal from coal gas, 1359-1366 

Bicarbonate-carbonate distribution vs. 
pH, 508 

Binax process, 434 
Biofilters, 1124-1127 
Bischoff FGD process, 536,537 
Bischoff seawater process, 601 
Bisulfite-sulfite distribution vs. pH, 508 
Bog ore, use of in iron oxide process, 1299 
Boiling points of gases, 1341 
British Oxygen Corporation SURE process, 

BTEX absorption in glycols, 994-997 
Burkheiser process, 738 

Calcium chloride, 

694-696 

dehydration with, 1008-1010 
dew point of gases in contact with 

solutions of, 1008 
pellets, dehydration with, 1009 

CANSOLV process, 595,596 
Carbon, activated (see Activated carbon) 
Carbon dioxide, 

adsorption isotherms on molecular 

catalytic conversion of, 1177-1 180 
corrosion of steel by, in ethanolamine 

heat of reaction of, 

sieve, 1072 

process, 199-210 

with ammonia, 320 
with ethanolamines, 91-99 
with potassium carbonate, 358 

heat of vaporization of, from copper- 

ionization constant of, 331 
rate of absorption of, 

ammonium-salt solutions, 1350-1351 

in sodium carbonate solutions, 

in potassium carbonate solutions, 349, 

in sodium carbonate, bicarbonate, and 

1350-1351 

35 1-353 

hydroxide, 379-381 
reactions with ammonia, 3 19,320 
solubility of, 

in methanol, 1217, 1218 
in triethylene glycol, 974 
in water, 379,423,427429 

over ammonia solutions, 283-292 
over ethanolamine solutions, 62-9 1 
over potassium carbonate solutions, 

over sodium carbonate solutions, 379 

vapor pressure of, 1341 

341-343,370 

water vapor content of, 95 1 
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Carbon dioxide absorption, 
by ethanolamine solutions, 113-120 
by monoethanolamine solutions, in plate 

by water in packed columns, 427-432 
columns, 116-118 

in plate columns, 432 
Carbon dioxide removal, 

with alkali carbonate solutions, 334-393 
with ammonia solutions, 319 
by BASF (MDEA) process, 60 
by Binax process, 434 
by Catacarb process, 363-368 
by CNG process, 1342 
with copper-ammonium-salt solutions, 

by Estasolvan process, 1224 
by ethanolamine process, 40-277 
by Flexsorb HP process, 369-37 1 
by Fluor Solvent process, 1198-1202 
by Giammarco-Vetrocoke process, 

by Ifpexol process, 1223-1224 
by membrane permeation, 1270-1281 
by Methylcyanoacetate process, 1225 
by molecular sieves, 1076-1078 
by organic solvents, 1188-1234 
by potassium carbonate solutions, 334-362 
by Purisol process, 1210-1214 
by Rectisol process, 1215-1223 
by Selexol process, 1202-1210 
by Sepasolv MPE process, 1210 
with sodium hydroxide solutions, 401402 
by Sulfinol process, 1225-1231 
with water, 423435 

capacity of activated carbon for, 1200 
effect on ethanolamines, 49,50,239-241 
heat of adsorption on activated 

hydrogenation of, 11 65-1 17 1 
solubility of, in petroleum oil, 1364 (see 

also Organic sulfur) 

1353-1355 

371-378 

Carbon disulfide, 

carbon, 1200 

Carbon disulfide removal, 
from air, 1110-1112 
from coal gas, 1364-1365 
by catalytic conversion, 1165-1 172 
by hot potassium carbonate process, 35 1 

catalytic conversion of, 1172-1 180 
heat of solution of, in copper-ammonium- 

salt solution, 1348-1351 
latent heat of, 134 1 
solubility of, 

Carbon monoxide, 

in copper-ammonium-salt solution, 

in water, 417 
1350-135 1 

specific heat of, 1350 
vapor pressure of, 1350 

Carbon monoxide removal, 
by condensation, 1338 
by Cosorb process, 1357-1359 
with copper-ammonium-salt solutions, 

by methanation, 1177-1181 
by nitrogen wash, 1338 
by shift conversion, 1172-1177 

Carbon tetrachloride activity of active 

Carbon tetrachloride retentivity of active 

Carbonyl sulfide, 

1347-1359 

carbons, 1092 

carbons, 1092 

effect of on ethanolamines, 49-53, 

formation of, by molecular sieve 

hydrogenation of, 1165-1 17 1 
in Claus process, 673,674 (see also 

239-241 

adsorbents, 105 1 

Organic sulfur) 
Carbonyl sulfide removal, 

with hot carbonate solutions, 357 
from hydrocarbon gases, I170 
from liquid hydrocarbons, 173, 174 
from synthesis gases, 1168-1172 (see also 

Organic sulfur) 
Carl Still process, 322 
Carpenter-Evans process, 1168 
Cataban process, 804,805 
Catacarb process, 363-368 
Catalysis in gas purification, 1145-1 183 
Catalysts, 

for acetylene hydrogenation, 118 1 
for ethylene oxide destruction, 1161 
for carbon monoxide oxidation, 1157, 1160 
for Claus process, 674 
for hydrogen sulfide oxidation, 1164 
for methanation, 1178, 1179 
for organic sulfur hydrogenation, 1170 
for organic sulfur oxidation, 1164 
for shift conversion, 1174, 1175 
for VOC and odor oxidation, 1149-1155 

of carbon oxides to methane, 1177-1180 
of carbon monoxide to carbon dioxide, 

of organic sulfur to hydrogen sulfide, 

Catalytic conversion, 

1172-1177 

1 165-1 17 1 
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Catalytic hydrogenation of acetylenic 

Catalytic/IFP/CEC Ammonia scrubbing 

Catalytic oxidation for sulfur dioxide 

Catalytic oxidation of VOCs and odors, 

combustion temperatures for, 1150 
economics of, 1161-1163 
ignition temperatures for, 1149 

Catalytic reactors, design of, 1146-1 148 
CATOX catalytic oxidation system, 

Cat-Ox process for sulfur dioxide removal, 

Caustic wash, for carbon dioxide removal, 

for hydrogen sulfide removal, 402-404 
for mercaptan removal, 404-406 

Chelated iron solutions for hydrogen sulfide 

Chelates for nitrogen oxide control, 932 
Chemical conversion, definition, 2 (see also 

Catalytic conversion) 
Chemsweet process, 1310, 1311 
Chevron WWT process, 3 14-3 18 
Chiyoda Thoroughbred 101 process, 

Chiyoda Thoroughbred 121 process, 

Chlorine, 

compounds, 1180-1183 

process, 573-575 

removal, 641-645 

1148-1163 

1157-1159 

643-644 

401,402 

removal, 803-840 

585-588 

537-539 

absorption of, in water, 458-463 
reaction of, with water, 460 
solubility of, in water, 461 

Citrate process, 563,564 
Ciaus process, 670-724 

ammonia destruction in, 684-686 
catalyst deactivation, 682-684 
isothermal reactor concepts for, 

oxygen-based systems, 689-696 
sub-dewpoint systems, 699-708 
tail gas purification for, 698-724 
theoretical conversion for, 676 

696-697 

CNG process, 1342 
Coal gas, 

impurities in, 28 1 
light oil removal from, 1359-1366 
naphthalene removal from, 1366-1369 
organic sulfur removal from, 

1164-1172 

Cobalt-molybdate catalysts, 1170 
Cocurrent absorption, for amine process, 61 

Coke oven gas, purification of, 297-299, 

Coldfinger dehydration process, 960, %1 
Columns, 

absorption, design of, 12-35 
packed, 

for glycol dehydration, 962,963 

3 18-326, 1359-1 367 

absorption of fluorides in, 443 
absorption of acid gases by 

ethanolamines in, 113-120 
absorption of carbon dioxide by water 

in, 427-432 
flooding correlations for, 27-29 

absorption of carbon dioxide by 
ethanolamine solutions in, 
116-118 

absorption of carbon dioxide by water 
in, 432 

plate, 

relative costs of, 8 
selection of, 6-8 
spray, 

for selective hydrogen sulfide 

for fluoride absorption, 273,281 
removal, 320 

types of, 6-1 1,  11 1 (see also Absorbers; 
Contactors; Towers) 

Combustion control for NOx reduction, 

Cominco process, 569-573 
Condensation, definition, 2 

Contactors, selection of, 6-8 (see also 

Coolside process, 623 
COPE process, 691-693 
Copper, solubility of in copper-ammonium- 

salt solutions, 1352 
Copper-ammonium-salt solutions, 

carbon monoxide removal with, 
1346-1359 

corrosion in, 1357 
heat capacity of, 135 1 
heat of solution of carbon monoxide 

regeneration of, 1355-1356 
solubility of carbon monoxide in, 

880-886 

for exhaust gas purification, 1332-1337 

Absorbers; Columns; Towers) 

in, 1352 

1351,1352 
Copper oxide process, 

for sulfur dioxide removal, 627-630 
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for combined sulfur dioxiddnitrogen 
oxide removal, 93 1 

Corrosion, 
in ammonia solutions for acid gas 

in chlorine absorption by water, 463 
in copper-ammonium-salt process, 1357 
in ethanolamine process, 188-224 
in fluoride removal, 450-453 
in glycol dehydration process, 990,99 1 
in hydrogen chloride absorption, 458 
in limdimestone FGD systems, 529-532 
in lithium halide solutions, 1016 
in Thylox process, 754 
in water wash process, 

removal, 326 

for carbon dioxide removal, 435 
for hydrogen sulfide removal, 437 

inhibitors in ethanolamine systems, 223 
inhibitors in Catacarb process, 366 

Cosorb process, 1357-1359 
cost, 

of carbon dioxide removal, 1274, 1275, 

of Chevron WWT process, 317 
of enriched air generation, 1287 
of membrane carbon dioxide removal 

of membrane hydrogen recovery systems, 

of membrane solvent recovery systems, 

1277, 1280, 1281 

systems, 1273 

1265-1267 
. .  

1288,1289 
of natural gas dehydration equipment, 
of nitrogen generation, 1286 
of sulfur dioxide removal systems, 

of sulfur scavenging processes, 1320, 
of thermal incineration, 1145 
of VOC removal by adsorption, 1108, 

Cryofining process, 1339, 1340 
Cuprous-ammonium-salt solutions (see 

Copper-ammonium-salt solutions) 

492-495 

Dehumidification (see Dehydration) 
Dehydration, 

bv adsomtion. 1030-1069 

033 

32 1 

109 

1 ,  

adsorbent regeneration, 1063-1066 
adsorbents for, 1034-1044 
dehydrator design for, 1060-1063 
flow systems for, 1066-1069 
operating practices in, 1069-1070 
pressure drop in, 1051-1055 

of air, by Kathabar process, 1015-1017 

with calcium chloride, 1008-1017 
with glycols, 953-997 (see also Glycol 

dehydration) 
by Ifpexol process, 1223 
with lithium halide solutions, 1010-1017 
by Rectisol process, 1215 
with saline brines, 1007-1017 

Desiccants, solid (see Adsorbents; 

Dew point of gases in contact with, 
calcium chloride solutions, 1008 
diethylene glycol solutions, 964 
methylene glycol solutions, 965 

Dew-point depression, 952 
in commercial glycol dehydrators, 989 

Diammonium phosphate, 292,310 
heat of formation of, 292 

DIAMOX process, 324,325 
Dichromate solutions, hydrogen sulfide 

removal with, 855 
Diethanolamine, 50,5  1 

degradation of, 232-242 
irreversible reaction with carbon dioxide 

reaction with carbonyl sulfide, 239 
thermal reclaiming of, 26 1-263 
vapor pressure of, over aqueous 

Dehydration) 

Of, 235-238 

solutions, 23 1 
Diethanolamine solutions, 

corrosion in, 200,212,213 
heat capacity of, 105 
heat of reaction with acid gases, 99 
specific gravity of, 101 
vapor pressure of, 93 
vapor pressure of acid gases over, 70-76 
viscosity of, 103 

Diethylene glycol, 
properties of, 954 
vapor pressure of, 97 1 

Diethylene glycol solutions, 
dehydration with, 953-997 
dew point of gases in contact with, 964 
freezing points of, 97 1 
solubility of natural gas in, 6 15 
specific gravity of, 969 
specific heat of, 970 
vaporhquid equilibrium diagrams for, 972 
vapor pressure of, 968 
viscosity of, 970 

irreversible reaction with carbon dioxide, 
Diglycolamine, 5 1 

238,239 
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reaction with COS, 240-241 
thermal reclaiming of, 258,259 

Diglycolamine solutions, 
density of, 101 
heat capacity of, 106 
heat of reaction with acid gases, 94,99 
vapor pressure of, 94 
vapor pressure of acid gases over, 72-78 
vapodliquid equilibrium diagrams for, 260 
viscosity of, 104 

irreversible reaction with carbon 

use of in Sulfinol process, 1225 (see also 

Diisopropanolamine, 53 

dioxide, 238 

Adip) 
Diisopropanolamine solutions, 

heat of reaction with acid gases, 99 
thermal reclaiming of, 261,262 
vapor pressure of, 96 
vapor pressure of acid gases over, 79-8 1 

properties of, 590 
solubility of sulfur dioxide in, 591 
sulfur dioxide recovery with, 593-595 

Direct process for ammonia recovery, 

Double alkali process, 546-554 
Dow process for sulfur dioxide removal, 

596,597 
Dowa Dual Alkali process, 582-584 
Drizo process, 959 
Dry-box process (see Iron oxide process) 
Dry soda process for sulfur dioxide removal, 

Dimethy laniline, 

296,297 

624-626 
byproduct disposal for, 626 

Duct spray dryer process for sulfur dioxide 
removal, 614 

Ebara-E-Beam process, 645,646,982 
EIC Copper Sulfate process, 853, 855 
Econamine process, 52 
Economics (see Costs) 
Ejectors, absorption of fluorides in, 441448 
Electrochemical process for nitrogen oxide 

Electrodialysis, 264-266,560 
Electrolytic Regeneration process, 561,562 
Elsorb process, 559 
Equilibrium constants, 

for hydrogenation, 

removal, 935 

of acetylene, 1182 
of carbon disulfide, 1167 

of carbonyl sulfide, 1167 

of carbon disulfide, 1167 
of carbonyl sulfide, 1167 

for hydrolysis, 

for methanation, 1 180 
for shift conversion, 1176 

Equilibrium vapor pressure (see Vapor 

Estasolvan process, 1224, 1225 
Ethane, 

pressure) 

boiling point of, 134 1 
latent heat of, 1341 
vapor pressure of, 1341 

Absorber, 
Ethanolamine processes, 40-277 

diameter of 112-1 14 
height of, 113-120 
selection of, 11 1 
temperature profile of, 120-123, 139 

chemical losses in, 231-242 
cocurrent absorption in, 61 
corrosion in, 188-244 
design of, 103-144 
flow schemes for, 57-60 
operating data for, 144-151 
stripping system design for, 123, 

water wash for amine recovery in, 
141-144 

58,59 
Ethanolamines, 

cost of, 49 
effect of gas impurities on, 239-242 
heats of reaction of hydrogen sulfide and 

carbon dioxide with, 91-99 
pH of during neutralization, 47 
physical properties of, 49 
(see also Diethanohmine; 

Monoethanolamine; 
Methyldiethanolamine; 
Triethanolamine; Diglycolamine; 
Diisopropanolamine; Adip) 

Ethanolamine solutions, 
concentration of, 56 
degradation of, 232-242 
foaming of, 224-23 1 
organic sulfur removal with, 15 1-1 55 
purification of, 48-56 
reactions of hydrogen sulfide and carbon 

dioxide with, 44-48 
solubility of methane in, 267,268 
vapor pressure of, 91-97 
vapor pressure, 
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of carbon dioxide over, 62-9 1 
of hydrogen sulfide over, 62-91 

Ethylene, 
boiling point of, 1341 
injection, for hydrate control, 999, lo00 
latent heat of, 289 
vapor pressure of, 289 

dehydration with, 999, 1005 
physical properties of, 954 
vapor pressure of, 97 1 

Ethylene glycol solutions, 
freezing points of, 971 
water vapor dew point over, 1002 

Ethylene purification with molecular 

Ethylene glycol, 

sieve, 1076 

Ferrous sulfide for sulfur dioxide 
removal, 585 

Ferrox process, 738-741 
Fiber-Film contactor, 407-409 
Film coefficients, 15-21 
Filtration, 

of ethanolamine solutions, 252-255 
of glycol solutions, 993 

Fire hazard properties of organic 
solvents, 1096 

Fischer process, 745,746 
Flakt-Hydro seawater process, 599,600 
Flexitray plates, 8 
Flexsorb SE Plus process, 723-724 
Flexsorb HP process, 369-371 
Flooding of packed towers, 27-29 
Flue gas, 

desulfurization (FGD) processes, 466-647 
sulfur dioxide concentration in, 475 

Fluidized-bed active carbon adsorption, 

Fluor Econamine process, 52 
Fluorides, 

1 109-1 115 

removal with water, 438453 
absorbers for, 441-448 

disposal of absorbed, 453 
rate of absorption of, 444-448 
materials of construction for, 450-453 

pH of, 443 
vapor pressure of silicon tetrafluoride 

Ruosilicic acid solutions, 

over, 271 
Fluor Solvent process, 1198-1202 
Foaming, 

of ethanolamine solutions, 224-23 1 

of glycol solutions, 990 
Freezing points, 

of glycols, 97 1 
of ethanolamine solutions, 108 

Fumaks process, 850,85 1 

Gas suspension spray dryer process, 614,615 
GAS/SPEC amine process, 42 
Gastechnik process for hydrogen sulfide 

removal, 1300 
General Electric Ammonium Sulfate 

process, 579 
General Electric (GEESI) process, 533,534 
Geothermal gas cleanup, 

by LO-CAT process, 8 18-82 1 
by SulFerox process, 838 

Giammarco-Vetrocoke process, 
for carbon dioxide removal, 371-378 
for hydrogen sulfide removal, 754-759 

Girbotol process (see Ethanolamine 

Gluud Combination process, 735 
Gluud iron oxide process, 736 
Glycol-Amine process, 50 
Glycol dehydration process, 953-997 

absorber design for, 961,962,976983 
aromatics absorption in, 994-997 
in air conditioning, 962,963 
corrosion in, 990,992 
dew-point depression in, 964-967 
filters for, 993 
flash tank design for, 983,984 
flow schemes for, 955-963 
foaming in, 990 
glycol losses in, 988,989 
inlet separators for, 972-976 
plant operation in, 988-997 
regenerator design for, 984-988 

Glycol injection process, 997-1007 
Glycols, 

processes) 

properties of, 954 
reclaiming of, 994 

Heat of adsorption, 
of benzene on activated carbon, 1100 
of carbon disulfide on activated 

of organic compounds on activated 

Heat capacity (see also Specific Heat) 
of copper-ammonium-salt solutions. 135 1 
of diethanolamine solutions, 105 

carbon, 1100 

carbon, 1 100 



of monoethanolamine solutions, 105 
of potassium carbonate solutions, 346 

Heat of formation of diammonium 

Heat of fusion of lithium halides, 104 
Heat of reaction, 

of acetylene hydrogenation, 1182 
of carbon dioxide with potassium 

carbonate, 358 
of hydrogen sulfide and carbon dioxide 

with ammonia, 320 
of hydrogen sulfide and carbon dioxide 

with ethanolamines, 91-99 
of hydrogen sulfide with oxygen, 673 
of methanation, 1 180 
of sulfur dioxide with xylidine, 591 
of shift conversion, I176 

of ammonia in water, 291-294 
of carbon monoxide in copper- 

of water in  glycols, 954 

of components from copper-ammonium- 

phosphate, 292 

Heat of solution, 

ammonium-salt solutions, 1350 

Heat of vaporization, 

salt solutions, 135 1 

of hydrofluoric acid, 439 
of glycols, 954 

Heat transfer coefficients for air dehydration 
with lithium chloride solutions, 1014 

Height of transfer units (see Transfer units) 
Helium removal from natural gas, 1281, 1282 
Henry’s law constant, 

for benzene in triethylene glycol, 995 
for chlorine in water. 461 
for inert gases in water, 4 17 
for organic chemicals in water, 417 

Hiperion process, 794-797 
Hi-Pure process, 339 
Hitachi FGD process, 634 
Holmes-Mated process, 1168 
Hondo HS-100 process. 1312-1314 
Hopcalite catalyst, 1154 
Hot activation process (see Vacuum 

carbonate process) 
Hot potassium carbonate process, 334-362 

corrosion in, 359-362 
economics of, 362 
materials of construction for, 361-362 
solution regeneration, 357-359 
(see also Potassium carbonate) 

Hydrate suppression by inhibitor injection, 
997- 1007 

Hydrates, 947-949 
Hydrocarbon recovery, 

with silica gel, 1086-1087 
with active carbon, 1109 
with oil absorption, 1359-1369 

adsorption isotherms for on activated 

catalytic oxidation of, 1148-1162 

with water, 453458 
by adsorption on alumina, 1128 

heat of solution of hydmchoric acid in, 453 
materials of construction for, 458 
vapor pressure of hydrogen chloride 

Hydrocarbons, 

carbon, 1089-1090 

Hydrochloric acid, removal of, 

Hydrochloric acid solutions, 

over, 454 
Hydrofluoric acid, 

heat of vaporization of, 439 
ionization constant of, 439 
removal of, with water, 438453 
vapor pressure of, over solutions, 440 
(see also Fluorides) 

boiling point of, 1341 
latent heat of, 1341 
purification of, by cryogenic processes, 

recovery of, by membrane process, 

solubility of, in water, 417 
specific heat of, 134 1 
vapor pressure of, 134 1 

Hydrogen, 

1338-1 342 

1259-1270 

Hydrogen chloride (see Hydrochloric acid) 
Hydrogen cyanide, in coal gases, 280,28 1 
Hydrogen cyanide removal, 

by Perox process, 762-764 
by Seaboard process, 389 
by Staatsmijnen-Otto process, 746-748 
by Stretford process, 783,784 
by Thylox process, 750 
by vacuum carbonate process, 387, 388 

Hydrogen fluoride (see Hydrofluoric acid; 
Fluorides) 

Hydrogen sulfide, 
absorption of, 

in ethanolamine solutions, 113-120 
in potassium carbonate solutions, 

353-357 

sieves, 1021 
adsorption isotherms on molecular 

conversion to sulfur, 670-724 
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corrosion of steel by, in ethanolamine 

heat of reaction, 
process, 199-210 

with ammonia, 320 
with ethanolamines, 91-99 
with oxygen, 673 

ionization constant of, 33 1 
rate of absorption of, 

in diethanolamine solutions, 115 
in potassium carbonate solutions, 356 
in sodium carbonate solutions, 

reactions of, with ammonia, 319, 320 
solubility of, in water, 436,437 
species in water, distribution of, 774 
vapor pressure, 

387,388 

over Alkacid solutions, 400 
over ammonia solutions, 283-292 
over ethanolamine solutions, 62-91 
over potassium carbonate solutions, 

over tripotassium phosphate 
347-349 

solutions, 395 

by aldehyde processes, 1315 
by Alkacid process, 397-400 
by alkanolamines, W 2 7 7  
by alkylamindaldehyde condensation 

products, 1315, 1316 
by Amisol process, 1231-1232 
with ammonia solutions, 318-326 
by Autopurification process, 746-748 
by Burkheiser process, 738 
by Cataban process, 804,805 
by Catacarb process, 363-368 
by caustic scrubbing, 402404,1317, 1318 
by CBA process, 703-706 
by chelated iron solutions, 803-840 
by Chemsweet process, 1310-1311 
by DIAMOX process, 324-325 
with dichromate solutions, 855, 1311, 1312 
by EIC copper sulfate process, 853-855 
by Estasolvan process, 1224 
by ethanolamine processes, 40-277 
by Ferrox process, 738-741 
by Fischer process, 745,746 
by Fumaks process, 850,85 1 
by Gastechnik process, 1300 
by GaslSpec solvents, 41 
by Giammarco-Vetrocoke process, 

by Gluud combination process, 735 

Hydrogen sulfide removal, 

754-759 

by Gluud process, 736 
by Hiperion process, 794-797 
by Hi-Pure process, 339 
by Hondo HS-lOprocess, 1312-1314 
by IFP Clauspol 1500 process, 843-845 
by Ifpexol process, 1223, 1224 
by iron chelate solutions, 803-840 
by iron cyanide complexes, 744-748 
by iron oxide process, 1298-1305 
by iron oxide suspensions, 734-736 
by Katasulf process, 1163, 1164 
by Konox process, 851-853 
by Koppers C.A.S. process, 735,736 
by Krupp Wilputte process, 324 
by liquid oxidation processes, 73 1-856 
by Lo-Cat process, 804-823 
by Manchester process, 742-744 
by membrane permeation, 1270-1281 
by Methylcyanoacetate process, 1225 
with organic solvents, 1188-1233 
by oxidation to oxides of sulfur, 

with permanganate solutions, 855, 

by Perox process, 762-764 
with polyamine solutions, 1316 
with polythionate solutions, 734-736 
by Puns01 process, 1210-1215 
by Rectisol process, 1215-1223 
by Seaboard procesb, 381-383 
selective, 

1 162-1 165 

1311,1312 

with ammonia solutions, 321 
by low-residence-time caustic 

scrubbing, 402,403 
with methyldiethanolamine, 46, 

149, 150 
by Selexol process, 1202-1210 
by Sepasolv MPE process, 1210 
by tripotassium phosphate process, 

393-396 
by Selectox process, 7 11-7 13 
by Selexol process, 1202-1210 
by Sepasolv MPE process, 1210 
by Slumsweet process, 1309, 1310 
with sodium hydroxide solutions, 

402-404, 1317,1318 
by Sofnolime RG process, 1309 
by Sodium phenolate process, 396,397 
by Staatsmijnen-Otto process, 746-748 
with sterically hindered amines, 48,56 
by Still Otto process, 322-324 
by Stretford process, 769-794 
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by Sulfa-Check process, 1312-1314 
by SulfaTreat process, 1305 
by Sulferox process, 825-840 
by Sulfinol process, 1225-1231 
by Sulfint process, 823-825 
by Sulfolin process, 797-802 
by Sulfreen process, 699-703 
by Takahax process, 765-769 
with thioarsenate solutions, 748-759 
by Thylox process, 748-754 
by tin oxide, 1328,1329 
by Townsend process, 841-842 
by tripotassium phosphate process, 

by UCARSOL process, 42 
by UCBSRP process, 846-850 
by Unisulf process, 802,803 
by Vacasulf process, 392,393 
by vacuum carbonate process, 383-392 
with water, 436438 
by Wierwiorowsky process, 846 
by zinc ferrite and titanate, 1324-1328 
by zinc oxide, 1305-1309,1329,1330 
by Z-Sorb process, 1329 

of acetylene, 1 180-1 183 
catalysts for, 1 18 1 
heats of reaction in, 1182 

of carbon disulfide, 1165-1 17 1 
of carbonyl sulfide, 1165-1171 

of carbon disulfide, 1165-1171 
of carbonyl sulfide, 1165-1 171 

IFP Clauspol 1500 process, 843-845 
Ifpexol process, 1223, 1224 
Ignition temperatures of VOCs, 1143 
Impregnated adsorbents, 1126, 1127 
Indirect process for ammonia recovery, 

296,297 
Inert gas purification with molecular sieves, 

10741076 
Intalox saddles, 22,29 
Injection, 

393-396 

Hydrogenation, 

Hydrolysis, 

of liquid inhibitors for hydrate control, 

of dry sorbent for sulfur dioxide removal, 
997- 1 007 

6 17-623 
Ion exchange for amine solution 

Ionization constant, 
purification, 264 

of hydrofluoric acid, 439 
of hydrogen sulfide, 33 1 

Iron carbonyl removal by adsorption, 11 28 
Iron chelate. solutions for hydrogen sulfide 

removal, 803-840 
Iron-cyanide complexes for hydrogen 

sulfide removal, 744-748 
Iron oxide process, 1298-1305 

basic chemistry of, 1301, 1303 
continuous, 1300 
design guidelines for, 1304 
high pressure operation of, 1301, 

operation of, 1304 
purifying materials for, 1300 
tower purifiers for, 1299 

removal, 736-744 

1304-1305 

Iron oxide suspensions for hydrogen sulfide 

Iron sponge specifications, 1302 
ISPRA bromine-based FGD process, 

588,589 

Katasulfprocess, 1163, 1164 
Kathabar air dehydration systems, 1015-1017 
Konox process, 851-853 
Koppers C.A.S. process, 735,736 
KPR rotating adsorber, 11 15-1 117 
Krupp Wilputte process, 324 

Latent heat of gases, 134 1 
Lehigh University process, 932 
Light oil, 

composition of, 1360 
solubility of constituents in wash 

oils, 1364 
Light oil removal from coal gas, 1359-1366 

partition coefficients for, 1364 
properties of wash oils for, 1363 

Lime slurry spray dryer process, 607-614 
Limestonekime injection process, 617-62 1 
LimestoneLirne FGD process, 496-539 

absorber design for, 5 17-5 19 
additives for, 5 14-5 17 
basic chemistry of, 501,506-513 
byproduct disposal in, 521-525 
materials of construction for, 529-532 
mist elimination in, 525-527 
slurry processing in, 5 19-52 1 
sorbent selection for, 5 13,5 14 

Linde Clinsulf process, 6% 
Liquid hvdrocarbon treating, 156-174 

of carbon dioxide, 33 1 abso&r design for, 1661171 
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removal of COS by, 173, 174 
settlers and coalescers for, 172, 173 
water wash for, 171, 172 

LiquiMiquid equilibrium data for acid gases 
in liquid hydrocarbons and amine 
solutions, 157-163 

1011,1012 

of, 1011 

1011,1012 

Lithium bromide, solubility of, in water, 

Lithium bromide solutions, vapor pressure 

Lithium chloride, solubility of, in water, 

Lithium chloride solutions, 
air dehydration with, 1010-1017 
rate of absorption of water vapor in, 1014 
vapor pressure of, 1011 
water content of air in contact with, 1012 

Lo-Cat process, 805-823 
Low temperahm processes for gas 

purification, 1337-1346 
Lower explosive limit (LEL), 1144 
LPG treating, 156-174 (see also Liquid 

Lurgi OxyClaus process, 693,694 

Magnesium oxide FGD process, 539-544 
Manchester process, 742-744 
Mass transfer, in gas absorbers, 15-27 

Mass Transfer Zone (MTZ), 1026-1028 
Materials of construction, 

hydrocarbon treating) 

in solid bed dehydration, 1046 

for absorption of chlorine in water, 463 
for ethanolamine process, 189-190, 

for fluorides removal, 450-453 
for hot potassium carbonate process, 

for hydrogen chloride absorption, 455458 
for hydrogen sulfide removal with water, 

437,438 
for hydrogen sulfide removal with 

ammonia solutions, 326 
for limestoneflime process, 529-532 
for sour water strippers, 308 
for Thylox process, 754 
for vacuum carbonate process, 390 
for carbon dioxide removal with 

for Wellman-Lord process, 559 

216,22S 

36 1,362 

water, 435 

MCRC sulfur recovery process, 707,708 
Membrane permeation, 

definition of, 2 

design calculations for, 1252-1258 
flow arrangements for, 1250-1252 
processes for, 1238-1290 
equipment suppliers, 1241 
transport mechanisms for, 1242- 1245 

by adsorption, 1078-1081, 1126 
by catalytic conversion, 1166 
by caustic wash process, 404-410 
by ethanolamine solutions, 155, 156 
by hot potassium carbonate 

by Merichem process, 407410 
by UOP Merox process, 406,407 

Mercaptans (see also Organic Sulfur) 
Merichem process, 407-410 
Mercury removal with impregnated 

Methanation for removal of carbon oxides, 

Mercaptans, removal of, 

process, 357 

carbon, 11 27 

1177-1 179 
catalysts for, 1178 
equilibrium constants for, 11 80 
heats of reaction in, 11 80 

boiling point of, 1341 
latent heat of, 1341 
removal of, by condensation, 1340 
solubility of, 

Methane, 

in ethanolamine solutions, 267,268 
in water, 417 

specific heat of, 134 1 
vapor pressure of, 134 1 

acid gas removal with, 1215-1223 (see 

injection, for hydrate control, 997-1007 
solubility of carbon dioxide in, 12 17 
vapor pressure of, 12 18 

phase diagram, 1003 
solution density, 1004 

Methanol, 

also Rectisol and Ifpexol processes) 

Methanol-water, 

Methylacetylene, removal of, 1182 
Methylcyanoacetate process, 1225 
Methyldiethanolamine, 53 
Methyldiethanolamine solutions, 

heat capacity of, 106 
selective removal of hydrogen sulfide 

vapor pressure of, 97 
vapor pressure of acid gases over, 79, 

viscosity of, 104 

with, 46, 149, 150 

82-85 
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Methylene chloride, removal from air, 1097 
Minute service of active carbons, 1092 
Mitsui-BF process, 639,640 
Mixed amines, 54,55 
MODOP process, 713-716 
Molecular sieves, 

capacity for water of, 1036, 1043, 

carbon dioxide and water removal with, 

dehydration with, 1042-1044 
ethylene purification with, 1076 
equilibrium isotherms, 

for carbon dioxide on, 1072 
for hydrogen sulfide on, 1073 
for sulfur dioxide on, 1074 
for ammonia on, 1075 

gas purification with, 1018-1076 
hydrogen purification with, 1076-1081 
inert gas purification with, 1074-1076 
natural gas purification with, 1077-1081 
physical properties of, 1035, 1043 
sulfur removal with, 1078-1081 

Molten carbonate process, 603,604 
Monoethanolamine, 49,50 

degradation of, 232-242 
irreversible reaction of, with carbon 

reaction of, with carbonyl sulfide, 239-241 
reaction of, with oxygen, 232,233 
reactions of, with hydrogen sulfide and 

carbon dioxide, 44-48 
vapor pressure of, over aqueous 

solutions, 23 1 
Monoethanolamine solutions, 

1056-1 058 

1076-1078 

dioxide, 233-235 

heat capacity of, 105 
heats of reaction with acid gases, 99 
purification of, 242-266 
solubility of, methane in, 267,268 
specific gravity of, 49 
stripping of, 123-133 
viscosity of, 49, 102 
vapor/liquid equilibrium composition 

vapor pressure of acid gases over, 62-70 
diagram, 257 

Monoethanolamine-glycol mixtures, 50 
MTE sulfur recovery process, 697 
Munters Zeol adsorber, 1 1  17 
Murphree plate efficiency, 24 

Naphthalene, 
effect of on vacuum carbonate process, 390 

removal of, from coal gas, 1366-1369 
solubility in petroleum oil, 1364 
vapor pressure of, 1368 

solubility of, 
Natural gas, 

in amine solutions, 267 
in glycols, 974 

water vapor content of, 947-95 1 
Nickel carbonyl removal by adsorption, 11  28 
Nitric oxide in coal gas, 280 
Nitrogen, 

boiling point of, 1341 
in carbonization products, 280 
latent heat of, 1341 
solubility of, in water, 417 
specific heat of, 1341 
vapor pressure of, 134 1 

Nitrogen compounds in coal gas, 280 
Nitrogen oxide emission control, 866-936 

by activated carbon, 931 
by Battelle ZnO spray dryer process, 932 
by burners out of service (BOOS), 882 
by combined NO,/SO, postcombustion 

processes, 928-936 
by combustion control processes, 880-886 
by copper oxide processes, 93 1 
by DESONOX process, 933 
by dry low-NO, combustors, 886 
by electochemical process, 935 
by flue gas irradiation, 932 
by Lehigh University low temperature 

by low excess air firing (LEA), 882 
by overfire air, 883 
by flue gas recirculation (FGR), 884 
by fuel reburning, 885 
by low-NO, burners (LNB), 884,885 
by metal chelates, 932 
by Nissan permanganate process, 936 
by N0,OUT process, 888-898 
by NOXSO process, 93 1 
by Parsons Flue Gas Cleaning (FGC) 

process, 934 
by postcombustion processes. 887-936 
by precombustion processes, 879-880 

by selective catalytic reduction (SCR), 

by selective non-catalytic reduction 

by sodium chlorite, 932 
by Sorbtech process, 932 

process, 932 

requirements for, 868-879 

904-930 

(SNCR), 888-904 
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by SOx-NOx-ROX-BOX (SNRB) process, 

by Thermal DeNO, process, 898-904 
by Tokyo Electric-MHI process, 936 

by watedsteam injection, 885 
by WSA-SNO, process, 933 

Nitrogen oxide formation mechanisms, 868 
Nitrogen removal from natural gas, 

N-methyl-2 pyrrolidone, 

933 

by TRI-NO, process, 935 

1 3 6 1  346 

physical properties of, 1211 
use of, in Purisol process, 1210-1215 

Noell KRC double loop limestone process, 

Noell KRC peroxide-based process, 589 
North Thames Gas Board process, 1164 
NOxOUT process, 888-898 
NOXSO process, 63 1 4 3 4 , 9 3  1 

Odorants, characteristics of, 1121 
Odor removal, 

535,536 

by adsorption, 11 17-1 127 
by biofiltration, 1124-1 127 
by thermal oxidation, 1137-1 145 

capacity of activated carbon for, 

heat of adsorption of, on activated 

(see also Volatile organic compounds, 

Organic solvents, acid gas removal with, 

Organic sulfur, 

Organic compounds, 

1089,1090 

carbon, 1100 

VOCS) 

1198-1234 

catalytic conversion of, 1165-1 172 
content of gases, 1165 
content of liquid hydrocarbons, 163-164 

Organic sulfur removal, by amine solutions, 
151-156 

by Carpenter Evans process, 1168 
by catalytic conversion, 1165-1171 
by Holmes-Maxted process, 1168 
by North Thames Gas Board process, 1164 
by Rectisol process, 1215-1219 
by soda-iron process, 1164 
from synthesis gases, 1165-1 17 1 

Organic vapor adsorption on active carbon, 
1087-1 117 

Oxygen, 
boiling point of, 134 1 

solubility of, in water, 417 
specific heat of, 1341 
vapor pressure of, 134 1 

Packed towers (see Absorbers; Columns; 
Towers) 

Pall rings, 9,22,29 
Parsons Flue Gas Cleaning (FGC) process, 

646,934 
Particulate removal by wet scrubbers, 4 18 
Partition coefficients for light oil 

Permanganate solutions, 
absorption, 1364 

for hydrogen sulfide removal, 855,856, 

for nitrogen oxide removal, 936 
1311,1312 

Perox process, 762-764 
PH, 

of ammonia-sulfur dioxide-water 

of bisulfate-sulfite solutions, 508 
of bicarbonate-carbonate solutions, 508 
of bisulfide-sulfide solutions, 774 
control in iron oxide purifiers, 1301 
of ethanolamine solutions, 47 
of fluosilicic acid solutions, 443 

solutions, 566 

Phenol removal with ammonia 

Phosam and Phosam W processes, 3 1 1-3 14 
Physical solvents for acid gas removal, 

Plate efficiency, 24-26 

solutions, 308 

1 188-1 234 

for carbon dioxide absorption in MEA 

for water vapor absorption in glycol 
solutions, 117, 118 

solutions, 978 
Plates, design of, 21 
Polyad FB process, 1 1 13-1 1 15 
Polyethylene glycol dimethy lether, 

properties of, 1197 
solubility of gases in, 1197 
use of, in Selexol process, 1202-1 2 10 

Polythionate solutions for hydrogen sulfide 

Potassium bicarbonate, solubility of, 34 1 
Potassium carbonate, 

heat of reaction of with carbon 
dioxide, 358 

solubility of, 34 I 

carbon dioxide removal with, 334-362 

removal, 734-736 

Potassium carbonate solutions, 

latentheat of, 1341 heat capacity of, 346 
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hydrogen sulfide absorption in, 353-357 
regeneration of, 357-359 
specific gravity of, 345 
vapor pressure, 

of carbon dioxide over, 341-343 
of hydrogen sulfide over, 347 
of water over, 344 

(see also Hot Potassium Carbonate 
process) 

Potassium N-dimethylglycine (see Akacid 

Potassium permanganate, 855, 856,936, 

Potassium sulfite-bisulfite cycle, 554,555 
Precombustion processes for nitrogen oxide 

Pressure drop of gas, 

process) 

1311, 1312 

control, 879,880 

through activated carbon, 1101, 1102 
through solid desiccant beds, 

105 1-1055 
Pressure drop of ethanolamine solutions 

through activated carbon filters, 
253,254 

Pressure swing adsorption, 1081-1086 
Propylene carbonate, physical properties of, 

Purasiv HR process, 1 1  12, 1 1  13 
Pura Siv-N process, 1073 
Pure Air/MHI FGD process, 537 
Purisol process, 1210-1215 
Pyridine bases, in coal gases, 280,281 

Quinones, 759-797 

1197, 1199 

Radioactive isotope adsorption, 1128 
R-BTEX process, 997,998 
Reclaimers for amine solutions, 255-264 
Rectisol process, 1215-1223 
Reinluft process, 638,639 
Resulf process, 723 
RESOX process, 641 
R-SO, process, 620,621 
Richards sulfur recovery process, 697 
Ryan/Holmes process, 1342, 1343 

Saarberg-Holter (SHU) FGD process, 535 
Saline brines, dehydration with, 1007-1017 
Saturator for ammonium sulfate production, 

SCOTprocess, 719-723 
Seaboard process, 381-383 
Seawater FGD process, 597-601 

309,310 

Selective catalytic reduction (SCR) of NO,, 

Selective noncatalytic reduction (SNCR) of 

Selection of processes for gas impurity 

Selectox process, 711-713 
Selexol process, 1202-1210 
Semidirect process for ammonia recovery, 

Sepasolv MPE process, 1210 
Shed trays, 9 
Shift conversion, 1172-1177 

catalysts for, 1174, 1175 
equilibrium constants for, 1176 
heats of reaction for, 1176 

Silica-base beads, capacity for water 

gas dehydration with, 1034-1039 
physical properties of, 1035, 1036 

capacity for water of, 1036, 1037 
chemical analysis of, 1036 
equilibrium partial pressure of water 

gas dehydration with, 1034-1039 
hydrocarbon recovery with, 1086, 1087 
physical properties of, 1035 

Silicon tetrafluoride, vapor pressure of, over 
fluosilicic acid solutions, 440,441 (see 
also Fluorides) 

Slurrisweet process, 1309, 1310 
SNPA-DEA process, 5 1 
SNOX process for FGD, 642,643 
Soda injection process for FGD, 624-626 
Soda-iron process, 11 64 
Sodium alanine, 397-400 

Sodium carbonate, use of, in soda-iron 

Sodium carbonate solutions, 

904-930 

NO,, 888-904 

removal, 2-5 

296,297 

of, 1036 

Silica gel, 

over, 1037 

(see also Alkacid process) 

process, 1169 

carbon dioxide removal with, 378-381 
hydrogen sulfide removal with, 387-393 
rate of absorption of carbon dioxide in, 

vapor pressure of carbon dioxide over, 379 
379-380 

Sodium chlorite, for nitrogen oxide 
removal, 933 

Sodium dichromate, hydrogen sulfide 
removal with, 13 1 1 

Sodium hydroxide solutions, 
carbon dioxide removal with, 401,402 
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hydrogen sulfide removal with, 402404, 

rate of absorption of carbon dioxide in, 
1317,1318 

380,381 
Sodium phenolate process, 396,397 
Sodium sulfite-bisulfite cycle for FGD, 

Sofnolime RG process, 1309 
Solid-desiccant dehydration process, 

555-559 

1030-1069 (see also Adsorption, 
Dehydration) 

Solinox process for FGD, 602,603 
Solubility, 

of ammonium sulfate in water, 295 
of Benzene, 

in petroleum oil, 1364 
in triethylene glycol, 995 

in methanol, 1217, 1218 
in water, 423,427429 
in triethylene glycol, 974 

of carbon disulfide in petroleum oil, 1364 
of carbon monoxide in copper- 

ammonium-salt solution, 1348 
of gases in N-methyl-2 pyrrolidone, 1213 
of gases in water, 417,428,429,436, 

of gases in potassium carbonate 

of light oil components in wash oils, 1364 
of lithium halides in water, 1012 
of naphthalene in petroleum oil, 1364 
of natural gas in glycols, 974 
of potassium carbonatelbicarbonate 

of sulfur dioxide, 
in dimethylaniline, 591 
in water, 341 
in xylidine/water mixtures, 592 

of toluene and xylene in petroleum 

of carbon dioxide, 

437,440,441 

solution, 346 

mixtures in water, 341 

oil, 1364 
Solubility product for calcium and 

Solvent recovery, 
magnesium salts, 508 

by Acticarbone process, 1106 
with activated carbon, 1093-1124 
by KPR rotating adsorber, 1 1 15- 1 1 17 
by membrane permeation, 1288-1290 
by Polyad FB process, 11 13-1 115 
by Purasiv HR process, 11 12, 11 13 

Solvents, organic, fire-hazard properties 
of, 1096 

Sorbead, 1038, 1039 
Sorbtech process, 630,63 1,932 
Sour water stripping, 302-308 
SO,-NO,-ROX-BOX (SNRB) process, 933 
Space velocity, 1147 

for methanation, 1 180 
for shift conversion, 1 176, 1 177 
for soda-iron process, 1165 
for VOC oxidation, 1155 

of Adip solutions, 102 
of adsorbents, 1035 
of ammonia solutions, 282 
of alkanolamine solutions, 98, 100, 101 
of glycol solutions, 969 

of potassium carbonate solutions, 345 

of adsorbents, 1035 
of alkanolamine solutions, 105-107 
of gases, 1341 

of glycol solutions, 970 

Specific gravity, 

of glycols, 954,955 

Specific heat, 

of glycols, 954 

Sponge iron oxide, 1302 
Spray contactors, design of, 34-35 
Spray dryer FGD process, 604-616 

Staatsmijnen-Otto process, 746-748 
Sterically hindered amines, 48, 56 
Still-Otto process, 322 
Stone & Webster Ionics process, 561 
Stretford process, 769-794 

materials of construction for, 789 
treatment of waste streams from, 

disposal of byproduct from, 615,616 

791-794 
Stripping systems, 

for ammonia solutions, 322 
for ethanolamine plants, 123, 141-144 
for glycol dehydration plants, 984-988 
for sour water, 302-308 

Structural packing for glycol dehydrators, 

SulfaTreat process, 1305 
SulFerox process, 825-840 
Sulfidine process, 591-593 
Sulfinol process, 1225-123 1 
Sulfint process, 823-825 
Sulfolane, 1225-1231 
Sulfolin process, 797-902 

economics of, 801 
Sulfreen process, 699-703 
Sulften process, 723 

981,982 
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Sulfur compound removal with impregnated 

Sulfur recovery, 
carbon, 1 1 2 6 1  127 

by AMOCO cold bed adsorption (CBA) 
process, 703-706 

by British Oxygen Corporation SURE 
process, 694-696 

by BASF Catasulf process, 696,697 
by Claus process, 670-724 
by COPE process, 691493 
by direct oxidation of hydrogen sulfide, 

by Linde Clinsulf process, 696 
by Lurgi OxyClaus process, 693-694 
by MCRC sulfur recovery process, 

by MODOP process, 7 13-7 16 
by MTE sulfur recovery process, 697 
by Selectox process, 711-713 
by Richards process, 697 
by Sulfreen process, 699-703 
by Superclaus process, 709-71 1 
by TPA, Inc., oxygen enrichment 

708-7 17 

707-708 

process, 696 
Sulfur, removal of hydrogen sulfide from, 

Sulfur dioxide, 
686-688 

adsorption isotherms for, 635, 1074 
concentration in flue gas, 475 
heat of absorption of, in ammonia 

heat of reaction of, with xylidine, 591 
oxidation of, in ammonia solutions, 

reactions of, 

solutions, 567 

567,568 

in limestone/lime process, 501-5 13 
in magnesium oxide process, 542 

reduction to hydrogen sulfide, 7 17-723 
regulations governing emissions of, 

in Canada, 474 
in Europe, 473 
in Japan, 472 
in the United States, 470-472 

requirements for removal, 469-474 
solubility of, 

in dimethylaniline, 591 
in pure water, 506 
in xylidine-water mixtures, 591 

vapor pressure of, over ammonia-sulfur 
dioxide-water solutions, 565-567 

Sulfur Dioxide removal, 466-647 
by adsorption, 634-641 

by ADVACATE process, 62 I ,  622 
with alkali metal compounds, 544-564 
by alkali metal sulfite-bisulfite process, 

with alkaline earth compounds, 496-544 
by Alkalized Alumina process, 631 
by Ammonia- Ammonium Bisulfate 

by Ammonia-Calcium Pyrophospate 

by Ammonia-Lime double alkali process, 

with ammonia solutions, 564-582 
by Aqueous Aluminum Sulfate process, 

by Aqueous Carbonate process 606,607 
with aromatic amines, 589-597 
by ASARCO process, 593-595 
by ATS Technology process, 578, 579 
by Babcock and Wilcox process, 534,535 
by Bechtel seawater process, 600,601 
by Bischoff seawater process, 601 
by Bischoff process, 536,537 
by CANSOLV process, 595,596 
by carbon adsorption, 634-640 
by catalytic oxidation, 641-645 
by catalytic oxidatiodelectrochemical 

by Cat-Ox process, 643-644 
by Chiyoda Thoroughbred 101 process, 

by Chiyoda Thoroughbred 121 

by Citrate process, 563,564 
by Cominco process, 569-573 
by Coolside process, 623 
by copper oxide process, 627430 
by Dow process, 596,597 
by Dowa process, 582-584 
by double alkali process, 546-554 
by dry soda injection process, 624626 
by duct spray dryer process, 614 
by Ebara E-Beam process, 645,646 
by electrochemical reduction tosulfur, 646 
by electrolyk regeneration process, 

by ferrous sulfide, 585 
by General Electric ammonium sulfate 

process, 579-58 1 
by General Electric (GEESI) limestone 

process, 533,534 
by Hitachi activated carbon process, 634 

554-559 

(ABS) process, 573 

process, 582 

581,582 

5 82-5 84 

process, 645 

585-588 

process, 537 

561,562 



by ISPRA bromine based process, 588,589 
by LIMB process, 618-620 
by lime slurry spray dryer process, 

by limestondime injection, 61 8-623 
by limestoneflime process, 496-539 
by magnesium oxide process, 539-544 
by Mitsui BF process, 639,640 
by Noell KRC double loop limestone 

process, 535,536 
by Noell KRC peroxide based process, 589 
by NOXO process, 63 1-634 
by Parsons Flue Gas Cleanup (FGC) 

process, 646, 647 
by Pure AirMitsubishi (MHI) process, 537 
by Reinluft process, 638,639 
by RESOX process, 641 
by R-SOX process, 620,621 
by Saarberg-Halter (S-H-U) process, 535 
by seawater processes, 597-601 
by SNOX process, 642,643 
by Solinox process, 602,603 
by Sorbtech process, 630,63 1 
by spray dryer process, 604-616 
by Sulfacid process, 634 
by Sulf-X process, 585 
by Tampella Lifac process, 620 
by Walther process, 575-578 
by Wellman Lord process, 554-559 
by zinc oxide process, 562-563 

Sulfur dioxide removal processes, 
categorization of, 476479 
cost comparison of, 492-495 
selection of, 491495 
status of, 480488 
suppliers of, 480488 

607-614 

Sulfur scavenging processes, 1297-1320 
Sulfuric acid, 569,573 
Sulfur trioxide formation, 475,476 
Sulf-X process, 585 
Superclaus process, 709-7 11 
Super Drizo process, 959 
Superphosphate plant exhaust gases (see 

Synthesis gas, 
Fluorides) 

removal of organic sulfur from, 

removal of oxides of carbon from, 
1165-1172 

1177-1180 

Takahax process, 765-769 
Tampella Lifac process, 620 

Tetraethylene glycol, properties of, 954 
TEXTREAT amine process, 42 
Thermal conductivity of adsorbents for gas 

Thermal DeNO, process, 898-904 
Thermal oxidation of VOCs and odors, 

dehydration, 1035 

1137-1 145 
economics of, 1145 

Thermal reclaiming of amine solutions, 

Thioarsenate solutions, hydogen sulfide 

Thiophene, removal of by Holmes-Maxted 

Thiosulfate formation, 

255-264 

removal with, 748-759 

process, 1169 (see also Organic sulfur) 

in Stretford process, 772,777-780 
in Thylox process, 750 

Thylox process, 748-754 
materials of construction for, 754 

Tin oxide process, 1328, 1329 
Tokyo Electric-MHI process, 936 
Toluene, solubility of, in petroleum 

Toluidine, properties of, 590 
sulfur dioxide recovery with, 591-593 

Towers, absorption, design of, 12-35 (see 

adsorption, design of, 1060-1063 (see 

oil, 1364 

also Absorbers; Columns) 

also Adsorption; Adsorption vessels) 
Townsend process, 841,842 
P A ,  Inc., oxygen enrichment process, 6% 
Trail, Canada, sulfur dioxide recovery plants 

Transfer units, 
height of, 18 

at, 569-573 

for ammonia absorption in packed 

for carbon dioxide absorption in water, 
towers, 299-302 

427432 
number of, 18,19 

for ammonia absorption in spray 

for fluoride absorption, 444448 
towers, 301-302 

Tray diagram, 
for carbon dioxide absorption in 

for carbon dioxide stripping, 119 
for water absorption in glycol, 980 

monoethanolamine solution, 11 8 

Trays (see Plates) 
Tributyl phosphate, 

physical properties of, 1224 
use of in Estosolvan process, 1224 
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Triethanolamine, 41,45,49 
Triethanolamine solutions, 

vapor pressure of 95 
vapor pressure of acid gases over, 79, 

85,86 
Triethylene glycol, 

dehydration with, 953-997 
physical properties of, 954,975 
solubility of carbon dioxide in, 974 
solubility of natural gas in, 974 
vapor pressure of, 971 

Triethylene glycol solutions, 
dew point of gases in contact with, 965, 

freezing points of, 97 1 
specific gravity of, 969 
specific heat of, 970 
vaporfliquid equilibrium diagrams for, 975 
viscosity of, 970 

TRI-NOx process, 935 
Tripotassium phosphate process, 393-3% 

Tripotassium phosphate solution, vapor 

Turbogrid plates, 7-9 

977-979 

steam consumption in, 395, 396 

pressure of hydrogen sulfide over, 395 

UCARSOL process, 42 
UCBSRP process, 846-850 
Uniflux plates, 7 
Unisulf process, 802, 803 
UOP Merox process, 406,407 
USS Phosam process, 3 1 1-3 14 

Vacasulf process, 392, 393 
Vacuum carbonate process, 383-392 

operating cost, 390-392 
operating problems, 389-390 
solution regeneration, 389 

Valve plates, 7-9 
Vapor/liquid composition diagrams, 

for Diglycolamine solutions, 260 
for monoethanolamine solutions, 257 

Vapor pressure, 
of ammonia, 

over ammonia-sulfur dioxide-water 
solutions, 565-567 

over aqueous solutions, 283-292 
of ammonium sulfate solution, 295 
of carbon dioxide, 

over potassium carbonate, 341-343 
over sodium carbonate-bicarbonate 

solutions, 380, 381 

of carbon dioxide and hydrogen sulfide 
over ammonia solutions, 283-292 
over ethanolamine solutions, 62-9 1 

of carbon monoxide over copper- 
ammonium-salt solutions, 

of copper-ammonium-salt solutions 
of diethanolamine solutions, 93 
of ethanolamine solutions, 91-97 
of ethanolamines, 49 
of ethylene dichloride, 1335 
of gases at low temperature, 1341 
of glycol solutions, 968 
of hexane, 1335 
of hydrofluoric acid solutions, 440 
of hydrogen chloride over hydrochloric 

of hydrogen sulfide, 

1348-1 350 

acid solutions, 454 

over Alkacid solutions, 400 
over potassium carbonate solutions, 

over tripotassium phosphate 

of lithium halide solutions, 1011 
of methyldiethanolamine solutions, 97 
of monoethanolamine solutions, 92 
of naphthalene, 1368 
of organic compounds, 1335 
of silicon tetrafluoride over fluosilicic 

acid solutions, 440,44 1 
of sulfur dioxide, 

347,349 

solutions, 395 

over ammonia-sulfur dioxide-water 

over magnesium salt solutions, 543 
solutions, 565-567 

of toluene, 1335 
of triethanolamine solutions, 95 
of water, 

over ammonia solutions, 283-292 
over ammonia-sulfur dioxide-water 

over potassium carbonate solutions, 
solutions, 565-567 

344,35 1,352 
Venturi scrubbers, 422 

Viscosity, 
absorption of fluorides in, 441,443,447 

of Adip solutions, 105 
of ammonium sulfate solutions, 295 
of DGA solutions, 104 
of diethanolamine solutions, 103 
of glycol solutions, 970 
of glycols, 955 
of monoethanolamine solutions, 102 



of potassium carbonate solutions, 345 

by active carbon, 1087-1124 
cost of, 1108-1109 

by biofilters, 1 124-1 127 
by catalytic oxidation, 1148-1 163 
by KPR rotating adsorber, 1115-1 117 
by Munters Zeol adsorber, 11 17 
by moving bed process, 11 17 
by thermal oxidation, 1137-1145 
by various processes, efficiency of, 5 

VOCs, ignition temperatures of, 1143 
Volatile organic compound (see VOC) 

Water, 

VOC removal, 

absorption, 
of ammonia by, 299-302 
of carbon dioxide by, 427432 
of chlorine by, 458463 
of fluorides by, 438-453 
of hydrogen chloride by, 454458 
of hydrogen sulfide by, 436-438 

capacity of adsorbents for, 1036 
solubility of, 

carbon dioxide in, 428,429 
of gases in, 417 (see also individual 

of hydrogen sulfide in, 437 
of sulfur dioxide in, 506 

gases) 

Watedmethanol phase diagram, 1003 
Water vapor, 

adsorption of, 1030-1069 
in saturated air, 952 
in saturated natural gas, 947-95 1 
removal of (see Dehydration) 

Water wash for amine recovery, 58,59 
Water wash processes, 415-462 

Wellman Lord process, 554-559 
Wet scrubbers, 418 
Wiewiorowski process, 846 
WSA-SNOX process, 933 

(see also SNOX process) 

equipment for, 418-422 

Xylene, solubility of, in petroleum oil, 1364 
Xylidine, 

heat of reaction with sulfur dioxide, 59 I 
properties of, 592 
sulfur dioxide recovery with, 589-593 

Xylidine-water mixtures, solubility of sulfur 
dioxide in, 591 

Zinc ferrite and titanate sorbents, 1324-1328 
Zinc oxide, for hydrogen sulfide removal, 

for sulfur dioxide removal, 562,563 
1305-1309 

Zinc oxide slurry process, 13 10, 13 1 1 
Z-Sorb process, 1329 
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