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Preface

The first four editions of Gas Purification were authored by Arthur L. Kohl and Fred C.
Riesenfeld. Mr. Riesenfeld died shortly after publication of the fourth edition in 1985. His
considerable technical contributions and warm friendship will be sorely missed.

The present team of authors has endeavored to completely overhaul and update the text for
publication as this fifth edition of Gas Purification. Three new chapters have been added to
cover the rapidly expanding fields of NO, control (Chapter 10), absorption in physical sol-
vents (Chapter 14), and membrane permeation (Chapter 15). All other chapters have been
expanded, revised, and rearranged to add new subject matter, delete obsolete material, and
provide increased emphasis in areas of strong current interest. Examples of major additions
to existing chapters are the inclusion of new sections on liquid hydrocarbon treating (Chapter
2), Claus plant tail gas treating (Chapter 8), biofilters for odor and volatile organic com-
pound (VOC) control (Chapter 12), thermal oxidation of VOCs (Chapter 13), and sulfur
scavenging processes (Chapter 16).

Because of the growing importance of air pollution control, the coverage of gas purifica-
tion technologies that are applicable in this field, such as SO,, NO,, and VOC removal, has
been expanded considerably. On the other hand, the use of ammonia for H,S and CO,
removal and the removal of ammonia from gas streams represent technologies of decreasing
importance, primarily because of the declining use of coal as a source of fuel gas. Discus-
sions of these two subjects have, therefore, been combined into a single chapter (Chapter 4).

Organization of the text represents a practical compromise between an arrangement based
on unit operations or process similarities and one based on impurities being removed. Thus,
Chapters 12 and 15 cover the operations of adsorption and membrane permeation, respec-
tively, and the use of these technologies for the removal of a wide variety of impurities;
while Chapters 7 and 10 cover single impurities (SO, and NO,, respectively) and their
removal by a number of different processes. Consideration is also given to the industrial
importance of the technologies in the allocation of chapters; as a result, two chapters (Chap-
ters 2 and 3) are devoted to the use of amines for the removal of H,S and CO,, while only
one, rather short chapter (Chapter 6) covers the use of water for the absorption of gas impuri-
ties of any type.

The aim of this book is to provide a practical engineering description of techniques and
processes in widespread use and, where feasible, provide sufficient design and operating data
to permit evaluation of the processes for specific applications. Limited data on processes that
were once, but are no longer commercially important, are also presented to provide an histor-
ical perspective. Subject matter is generally limited to the removal from gas streams of gas-
phase impurities that are present in relatively minor proportions. The removal of discrete sol-
id or liquid particles is not discussed, nor are processes that would more appropriately be
classified as separation rather than purification.

A generalized discussion of absorption is provided in Chapter 1 because this unit opera-
tion is common to so many of the processes described in subsequent chapters. Discussions of
other unit operations employed in gas purification processes, such as adsorption, catalytic
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conversion, thermal oxidation, permeation, and condensation are included in the chapters
devoted to these general subjects.

No attempt has been made to define the ownership or patent status of the processes
described. Many of the basic patents on well-known processes have expired; however,
patented improvements may be critical to commercial application. In fact, a number of
important proprietary systems are based primarily on the incorporation of special additives
or flow system modifications into previously existing processes.

Technical data are normally presented in the units of the original publication. Practically,
this means that most U.S. data on commercial operations are given in English units, while
foreign and U.S. scientific data are presented in metric or, occasionally, SI units. To aid in
the conversion between systems, a table of units and conversion factors is included as
an appendix.

The assistance of many individuals who contributed material and suggested improvements
is gratefully acknowledged. Thanks are also due to the companies and organizations who
graciously provided data and gave permission for reproducing charts and figures. The num-
ber of such organizations is too large to permit individual recognition in this preface; howev-
er, they are generally identified in the text as the sources of specific data. We particularly
acknowledge with appreciation the generous support of the Fluor Daniel Corporation in the
preparation of this edition, and to the following Fluor Daniel personnel: Joseph Saliga, for
providing much of the new data in Chapters 7 and 10 on SO, and NO, removal processes;
Michael Potter, for input on sulfur conversion processes; Paul Buckingham, for work on the
physical solvent chapter; and David Weirenga, for assistance with the chapter on permeation
processes. Other significant contributors to this fifth edition are Ronald Schendel, consultant,
who provided data for Chapters 8 and 15 on sulfur conversion technology and permeation
processes; John McCullough, Proton Technology, who supplied information for the discus-
sion of amine plant corrosion in Chapter 3; Robert Bucklin, consultant, who provided
detailed information on sulfur scavenging processes for Chapter 16; and Dr. Carl Vancini,
who drafted the review of the Stretford process for Chapter 9. Finally, we wish to express
gratitude to our families: Evelyn, Jeffrey, and Martin Kohl; and Theresa and Michael Nielsen
for their support and patience during the preparation of this book.

Arthur L. Kohl
Richard B. Nielsen
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DEFINITIONS

Gas purification, as discussed in this text, involves the removal of vapor-phase impurities
from gas streams. The processes which have been developed to accomplish gas purification
vary from simple once-through wash operations to complex multiple-step recycle systems. In
many cases, the process complexities arise from the need for recovery of the impurity or
reuse of the material employed to remove it. The primary operation of gas purification
processes generally falls into one of the following five categories:

1. Absorption into a liquid

2. Adsorption on a solid

3. Permeation through a membrane

4. Chemical conversion to another compound
5. Condensation

Absorption refers to the transfer of a component of a gas phase to a liquid phase in which it
is soluble. Stripping is exactly the reverse—the transfer of a component from a liquid phase in
which it is dissolved to a gas phase. Absorption is undoubtedly the single most important
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operation of gas purification processes and is used in a large fraction of the systems described
in subsequent chapters. Because of its importance, a section on absorption and basic absorber
design techniques is included in this introductory chapter.

Adsorption, as applied to gas purification, is the selective concentration of one or more
components of a gas at the surface of a microporous solid. The mixture of adsorbed compo-
nents is called the adsorbate, and the microporous solid is the adsorbent. The attractive forces
holding the adsorbate on the adsorbent are weaker than those of chemical bonds, and the
adsorbate can generally be released (desorbed) by raising the temperature or reducing the
partial pressure of the component in the gas phase in a manner analogous to the stripping of
an absorbed component from solution. When an adsorbed component reacts chemically with
the solid, the operation is called chemisorption and desorption is generally not possible.
Adsorption processes are described in detail in Chapter 12, which also includes brief discus-
sions of design techniques and references to more comprehensive texts in the field.

Membrane permeation is a relatively new technology in the field of gas purification. In
this process, polymeric membranes separate gases by selective permeation of one or more
gaseous components from one side of a membrane barrier to the other side. The components
dissolve in the polymer at one surface and are transported across the membrane as the result of
a concentration gradient. The concentration gradient is maintained by a high partial pressure of
the key components in the gas on one side of the membrane barrier and a low partial pressure
on the other side. Although membrane permeation is still a minor factor in the field of gas
purification, it is rapidly finding new applications. Chapter 15 is devoted entirely to membrane
permeation processes and includes a brief discussion of design techniques.

Chemical conversion is the principal operation in a wide variety of processes, including
catalytic and noncatalytic gas phase reactions and the reaction of gas phase components with
solids. The reaction of gaseous species with liquids and with solid particles suspended in lig-
uids is considered to be a special case of absorption and is discussed under that subject. A
generalized treatment of chemical reactor design broad enough to cover all gas purification
applications is beyond the scope of this book; however, specific design parameters, such as
space velocity and required time at temperature, are given, when available, for chemical con-
version processes described in subsequent chapters.

Condensation as a means of gas purification is of interest primarily for the removal of
volatile organic compounds (VOCs) from exhaust gases. The process consists of simply
cooling the gas stream to a temperature at which the organic compound has a suitably low
vapor pressure and collecting the condensate. Details of the process are given in Chapter 16.

PROCESS SELECTION

The principal gas phase impurities that must be removed by gas purification processes are
listed in Table 1-1.

Selecting the optimum process for removing any one or combination of the listed impuri-
ties is not easy. In many cases, the desired gas purification can be accomplished by several
different processes. Determining which is best for a particular set of conditions ultimately
requires a detailed cost and performance analysis. However, a preliminary screening can be
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Table 1-1
Principal Gas Phase Impurities

1. Hydrogen sulfide
2. Carbon dioxide
3. Water vapor
4. Sulfur dioxide
5. Nitrogen oxides
6. Volatile organic compounds (VOCs)
7. Volatile chlorine compounds (e.g., HCI, Cl,)
8. Volatile fluorine compounds (e.g., HF, SiF;)
9. Basic nitrogen compounds
10. Carbon monoxide
11. Carbonyl sulfide
12. Carbon disulfide
13. Organic sulfur compounds
14. Hydrogen cyanide

made for the most commonly encountered impurities by using the following generalized
guidelines.

Hydrogen sulfide and carbon dioxide removal processes can be grouped into the seven
types indicated in Table 1-2, which also suggests the preferred areas of application for each
process type. Both absorption in alkaline solution (e.g., aqueous diethanolamine) and absorp-
tion in a physical solvent (e.g., polyethylene glycol dimethy! ether) are suitable process tech-
niques for treating high-volume gas streams containing hydrogen sulfide and/or carbon diox-
ide. However, physical absorption processes are not economically competitive when the acid
gas partial pressure is low because the capacity of physical solvents is a strong function of

Table 1-2
Guidelines for Selection of H,S and GO, Removal Processes

Acid Gas Plant Partial Sulfur

Type of Process H,S CO, Size Pressure Capacity
Absorption in Alkaline Solution A A H L H
Physical Absorption A A H H H
Absorption/Oxidation A — H L L
Dry Sorption/Reaction A — L L L
Membrane Permeation A A L H L
Adsorption A A L L L
Methanation — A L L —

Notes: A = Applicable, H = High, L = Low; dividing line between high and low is roughly 20
MMscfd for plant size, 100 psia for partial pressure, and 10 tons/day for sulfur capacity.
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partial pressure. According to Christensen and Stupin (1978), physical absorption is generally
favored at acid gas partial pressures above 200 psia, while alkaline solution absorption is
favored at lower partial pressures. Tennyson and Schaaf (1977) place the boundary line
between physical and chemical solvents at a somewhat lower partial pressure (i.e., 60—100
psia) above which physical solvents are favored. They also provide more detailed guidelines
with regard to the preferred type of alkaline solution and the effect of different acid gas
removal requirements. The absorption of hydrogen sulfide and carbon dioxide in alkaline
solutions is discussed in detail in Chapters 2, 3, 4, and 5. Chapter 14 covers the use of physi-
cal solvents.

Membrane permeation is particularly applicable to the removal of carbon dioxide from
high-pressure gas. The process is based on the use of relatively small modules, and an
increase in plant capacity is accomplished by simply using proportionately more modules.
As a result, the process does not realize the economies of scale and becomes less competitive
with absorption processes as the plant size is increased. McKee et al. (1991) compared
diethanolamine (DEA) and membrane processes for a 1,000 psia gas-treating plant. For their
base case, the amine plant was found to be generally more economical for plant sizes greater
than about 20 MMscfd. However, at very high acid-gas concentrations (over about 15% car-
bon dioxide), a hybrid process proved to be more economical than either type alone. The
hybrid process, which is not indicated in Table 1-2, uses the membrane process for bulk
removal of carbon dioxide and the amine process for final cleanup. Membrane processes are
described in Chapter 15.

When hydrogen sulfide and carbon dioxide are absorbed in alkaline solutions or physical
solvents, they are normally evolved during regeneration without undergoing a chemical
change. If the regenerator offgas contains more than about 10 tons per day of sulfur (as
hydrogen sulfide), it is usually economical to convert the hydrogen sulfide to elemental sul-
fur in a conventional Claus-type sulfur plant. For cases that involve smaller quantities of sul-
fur, because of either a very low concentration in the feed gas or a small quantity of feed gas,
direct oxidation may be the preferred route. Direct oxidation can be accomplished by absorp-
tion in a liquid with subsequent oxidation to form a slurry of solid sulfur particles (see Chap-
ter 9) or sorption on a solid with or without oxidation (see Chapter 16). The solid sorption
processes are particularly applicable to very small quantities of feed gas where operational
simplicity is important, and to the removal of traces of sulfur compounds for final cleanup of
synthesis gas streams. Solid sorption processes are also under development for treating high-
temperature gas streams, which cannot be handled by conventional liquid absorption
processes.

Adsorption is a viable option for hydrogen sulfide removal when the amount of sulfur is very
small and the gas contains heavier sulfur compounds (such as mercaptans and carbon disulfide)
that must also be removed. For adsorption to be the preferred process for carbon dioxide
removal, there must be a high CO, partial pressure in the feed, the need for a very low concen-
tration of carbon dioxide in the product, and the presence of other gaseous impurities that can
also be removed by the adsorbent. Typical examples are the purification of hydrogen from
steam-hydrocarbon reforming, the purification of land-fill effluent gas, and the purification of
ammonia synthesis gas. Adsorption processes are described in detail in Chapter 12.

Two processes predominate for water vapor removal: absorption in glycol solution and
adsorption on solid desiccants. These two processes are quite competitive and, in many cases,
either will do an effective job. In general, a dry desiccant system will cost more, but will pro-
vide more complete water removal. For large-volume; high-pressure natural gas treating, gly-
col systems are generally more economical if dew-point depressions of 40° to 60°F are suffi-



Introduction 5

cient. For dew-point depressions between about 60° and 100°F, either type may prove more
economical based on the specific design requirements and local operating costs. For dew-
point depressions consistently above 100°F, solid desiccant processes are generally specified,
although the use of very highly concentrated glycol solutions for attaining water dew points as
low as —130°F is gaining favor. Solid desiccant processes are also preferred for very small
installations where operating simplicity is a critical factor. Gas dehydration by absorption in
liquids is covered in Chapter 11, and by adsorption using solid desiccants in Chapter 12.

Fewer options have been commercialized for the removal of sulfur dioxide and nitrogen
oxides than for hydrogen sulfide and carbon dioxide. The predominant process for flue gas
desulfurization (FGD) for large utility boiler applications is wet scrubbing with a lime or
limestone slurry. This process can provide greater than 90% sulfur dioxide removal. Where
lower removal efficiency can be tolerated, spray drying and dry injection processes have
been found to be more economical. Commercially proven processes for the removal of nitro-
gen oxides from the flue gas of large boiler plants are currently limited to selective catalytic
reduction (SCR) and thermal reduction processes. The SCR process is the only one capable
of 90%-plus NO, removal efficiency. Further details on the selection of FGD and nitrogen
oxide removal processes are provided in Chapters 7 and 10.

Volatile organic compounds (VOCs) can be removed from gases by at least five types of
processes: thermal incineration, catalytic incineration, carbon adsorption, absorption in a lig-
uid, and condensation. Preliminary guidelines for selection of these are given in Figure 1-1,
which is based on the data of McInnes et al. (1990). For typical VOC concentrations in the
range of 100 to 1,000 ppmv, only thermal incineration can provide 99% removal efficiency.
Of course, feed concentration and removal efficiency are not the only factors to be consid-
ered. For example, if energy consumption is a significant factor, catalytic incineration may be
preferable to thermal incineration because it operates at a lower temperature and therefore
requires less heat input. If chemical recovery as well as removal is required, a process other
than incineration must be specified. A detailed discussion of factors to be considered in select-
ing the best VOC control strategy is given by Ruddy and Carrol (1993). Specific VOC
removal processes are described in several chapters, Chapter 12—adsorption processes, Chap-
ter 13—catalytic incineration and thermal incineration processes, Chapter 15—membrane
permeation processes, and Chapter 16—condensation and absorption/oxidation processes.

Thermal
Incineration 95% 9%
Catalytic
Incineration [=80%—95%
Carbon
b —t >
Adsorption 50% 9% 9%
Absorption |- 80%—> 95% —> 98%
Condensation —> 50% - 90% [— 85%
| 1 ] L | 1 | ]
20 50 100 200 300 500 1,000 2,0003,000 5000 10,000 20,000

Total Concentration, ppmv

Figure 1-1. VOC removal efficiency of applicable processes vs. VOC concentration in
feed gas. Data of Mcinnes et al. (1990)
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PRINCIPLES OF ABSORPTION

Introduction

Absorption, as applied to gas purification processes, can be divided into the following
general classifications based on the nature of the interaction between absorbate and
absorbent:

1. Physical Solution. In this type of process the component being absorbed is more soluble in
the liquid absorbent than other components of the gas stream, but does not react chemical-
ly with the absorbent. The equilibrium concentration of the absorbate in the liquid phase is
strongly dependent on the partial pressure in the gas phase. An example is the absorption
of hydrogen sulfide and carbon dioxide in the dimethyl ether of polyethylene glycol
(Selexol Process). Relatively simple analytical techniques have been developed for
designing systems of this type.

2. Reversible Reaction. This type of absorption involves a chemical reaction between the
gaseous component being absorbed and a component of the liquid phase to form a loosely
bonded reaction product. The product compound exhibits a finite vapor pressure of the
absorbate which increases with temperature. An example is the absorption of carbon diox-
ide into monoethanolamine solution. Analysis of this type of system is complicated by the
nonlinear shape of the equilibrium curve and the effect of reaction rate on the absorption
coefficient.

3. Irreversible Reaction. In this type of absorption the component being absorbed reacts with
a component of the liquid phase to form reaction products that can not readily be decom-
posed to release the absorbate. An example is the absorption of hydrogen sulfide in iron
chelate solution to form a slurry of elemental sulfur particles. The analysis of systems
involving irreversible reactions is simplified by the absence of an equilibrium vapor pres-
sure of adsorbate over the solution, but becomes more complex if the irreversible reaction
is not instantaneous or involves several steps.

Gontactor Selection

The primary function of the gas absorption contactor is to provide an extensive area of liquid
surface in contact with the gas phase under conditions favoring mass transfer. Contactors nor-
mally employ at least one of the following mechanisms: (1) dividing the gas into small bubbles
in a continuous liquid phase (e.g., bubble cap trays), (2) spreading the liquid into thin films that
flow through a continuous gas phase (e.g., packed columns), and (3) forming the liquid into
small drops in a continuous gas phase (e.g., spray chambers). All three types of contact are
employed in gas purification absorbers. They are interchangeable to a considerable extent,
although specific requirements and conditions may favor one over the others.

Countercurrent contactors can also be categorized as staged columns, which utilize separate
gas and liquid flow paths in individual contact stages; differential columns, which utilize a con-
tinuous contact zone with countercurrent flow of gas and liquid in the zone; and pseudo-equi-
librium columns, which combine essentially countercurrent flow of gas and liquid streams with
discrete stages. A simplified guide to the selection of gas-liquid contactors based on this cate-
gorization is presented in Table 1-3 which is derived from the work of Frank (1977).

Table 1-3 is generally applicable for stripping columns as well as absorbers, although
additional parameters may need to be considered. Bravo (1994) points out that biological or
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Table 1-3
Selection Guide for Gas-Liquid Contactors

Staged Columns  Rating of Column Internals
Perforated, Bubble Cap  Differential Columns Pseudo-Equilibrium

Conditions or Valve or Tunnel Randomly Systematically Downcomer- Disc and
of Application Trays Trays Packed Packed less Donut

Low pressure (<100 mm Hg) 2 1 2 3 0 1
Moderate pressure 3 2 2 1 1
High pressure

(>50% of critical) 3 2 2 0 2 0
High turndown ratio 2 3 1 2 0 1
Low liquid rates 1 3 1 2 0 0
Foaming systems 2 1 3 0 2 1
Internal tower cooling 2 3 1 0 1 0
Solids present 2 1 1 0 3 1
Dirty or polymerized solution 2 1 1 0 3 2
Multiple feeds and sidestreams 3 3 1 0 2 1
High liquid rates (scrubbing) 2 1 3 0 3 2
Small diameter columns 1 1 3 2 1 1
Columns with diameter 310 ft 3 2 2 2 2 1
Large diameter columns 3 1 2 1 2 1
Corrosive fluids 2 1 3 1 2 2
Viscous fluids 2 1 3 0 1 0
Low AP (efficiency

no concern) 1 0 2 2 0 3
Expanded column capacity 2 0 2 3 2 0
Low cost (performance

no concern) 2 1 2 1 3
Auvailable design procedures 3 2 2 1 1 1
Notes:

Rating key: 0 - Do not use
1 - Evaluate carefully
2 - Usually applicable
3 - Best selection
Staged columns: Tray columns with separate ligquid and vapor flow paths.
Common types: Bubble cap, sieve, valve.
Proprietary types: Angle, Uniflux, Montz, Linde, Thorman, Jet.
Differential columns: True countercurrent flow of gas and liquid.
Randomly packed: Raschig rings, saddles, slotted rings, Tellerettes, Maspac.
Systematically packed: Flexipac, Goodloe, Hyperfil, Sulzer, Glitch Grid.
Pseudo-equilibrium stages: Countercurrent flow of gas and liquid with discrete trays.
Downcomerless trays: Perforated, Turbogrid, Ripple.
Low pressure drop trays: Disc and donut, shower deck.
Special devices (not rated in table):
Venturi scrubber, turbulent contact absorber, marble bed absorber, horizontal spray chamber, cocurrent rotator.
Based on data of Frank, 1977
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inorganic fouling of trays or packing may occur when volatile organic compounds (VOCs)
are steam stripped from water; however, he concludes that neither type of column has an
advantage when fouling occurs. In another paper, Bravo (1993) describes methods to avoid
and contend with the fouling of packing.

Gas purification absorbers often operate with liquids that contain suspended solid parti-
cles. A detailed review of techniques and design issues involved in making a vapor/liquid
mass transfer device operate with solid particles in the solvent is given by Stoley and Martin
(1995). They rank mass transfer equipment for such service from most suitable to least suit-
able as

1. grid-structured packing
2. baffle trays (e.g., shed trays, disc-and-donut trays, side-to-side trays)
3. dual-flow trays (e.g., downcomerless perforated trays with large openings)
4. tab trays (e.g., fixed tabs, jet tabs)
5. sieve trays (with downcomers)
6. bubble-cap trays
7. third generation random packings (e.g., Glitsch CMR)
8. second generation random packings (e.g., Glitsch Ballast Plus Rings) or smooth-surface
structured packings
9. aggressive-surface structured packings
10. first generation random packings (e.g., Raschig rings)
11. complex trays (e.g., film or valve trays)
12. mist eliminator pads or wire packings

As a further guide to the selection of absorbers, the relative costs of six types of tray
columns and ten types of column packings are presented in Table 1-4 (Blecker and Nichols,
1973). Generalized comments on the nature and fields of application for tray, packed, and
spray contactors follow.

Tray Columns

Tray columns (also called plate columns) are particularly well suited for large installa-
tions; clean, noncorrosive, nonfoaming liquids; and low-to-medium liquid flow applications.
Tray columns are also preferred when internal cooling is required in the column. Cooling
coils may be installed directly on individual trays or liquid can readily be removed at one
tray, cooled, and returned to another tray. Perforated trays (also called sieve trays) are widely
used because of their simplicity and low cost.

The formerly popular bubble-cap design is now used primarily for columns requiring a
very low liquid flow rate, although structured packing is being used as a replacement for
bubble-cap trays in many such applications. A number of special tray designs have been
developed, including valve, grid, and baffle types to overcome some of the limitations of
simple perforated and bubble-cap trays. Valve trays have been particularly popular because
they permit operation over a wider range of flow rates than simple perforated trays without
the high liquid holdup of bubble-cap trays. Examples of proprietary designs are the Koch
Flexitray, Glitsch Ballast Tray, and Nutter Float Valve Tray.

Conventional bubble-cap, perforated, and valve trays operate as crossflow contactors in
which the liquid flows horizontally across the tray and contacts gas flowing vertically
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Table 1-4
Relative Costs of Columns

Relative Costs of Tray Columns (for equal diameter and height)

Bubble Cap 1.00
Koch Kascade 1.243
Plate Tray 0.842
Sieve Tray 0.874
Turbogrid 0.855
Valve Tray 0911
Relative Costs of Column Packings (installed cost for equal volumes
of packing, $/cu. ft in 1973 dollars)
1-in. Dia. 2-in. Dia.
Berl saddles, stoneware 13.10 —
Berl saddles, steel 26.30 —
Berl saddles, stainless steel 32.80 —
Intalox saddles, ceramic 13.30 10.40
Pall rings, polypropylene 36.90 26.30
Pall rings, stainless steel 13.60 9.80
Raschig rings, stoneware 6.30 4.38
Raschig rings, stainless steel 15.70 10.90
Raschig rings, steel 12.60 8.79

Tellerettes, HD polyethylene 26.30 —
Data of Blecker and Nichols. 1973

upward through openings in the tray. After traversing the tray, the liquid flows into a down-
comer, which conveys it to the tray below. Downcomers typically occupy 5 to 20% of the
column cross-sectional area.

In countercurrent trays, which are also available but less popular than crossflow types, the
liquid flows from one tray to the next lower tray as free falling drops or streams. Examples
of countercurrent trays include perforated (Dual Flow), slotted (Turbogrid), and perforated-
corrugated (Ripple). The trays are reasonably efficient, but lack flexibility because tray
holdup and operating characteristics are highly dependent on gas and liquid flow rates.

Baffle or shower deck tray columns also approximate countercurrent contactors. These
trays are nonperforated horizontal or slightly sloped sheets, each of which typically occupies
slightly more than half of the tower cross-sectional area. The liquid flows off the edge of one
tray as a curtain of liquid or series of streams and falls through the gas stream to the tray
below. Typically, the trays are half moon in shape on alternate sides of the column, or disc
and donut designs with centrally located discs that are slightly larger than the openings in
donut-shaped trays located above and below them. Baffle trays are used for extremely dirty
liquids when highly efficient contact is not required and for heat exchanger duty—particular-
ly the quenching of hot, particle-laden gas streams. Photographs of typical commercial trays
are shown in Figure 1-2.
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Sieve tray Bubble-cap tray

Figure 1-2. Typical commercial trays. Courtesy of: Koch Engineering Company, Inc.

Packed Columns

Packed columns are gaining favor for a wide range of applications becausc of the develop-
ment of packings that offer superior performance, as well as the emergence of more reliable
design techniques. The most commonly used packing elements are packed randomly in the
column. Non-random ordered (or structured) packings were originally developed for small
scale distillation columns to handle difficult separations. Their use has recently cxpanded,
however, and ordered packings are now offered by several companies for large scale com-
mercial applications. The current availability of performance data and rational design proce-
dures makes the use of ordered packing worth considering for cases requiring high mass
transfer efficiency and low pressure drop.

Packed contactors are most frequently used with countercurrent flow of liquid and gas.
However. in special cases they are used in a crossflow arrangement with the liquid flowing
down through a bed of packing while the gas flows horizontally. or in cocurrent flow with
liquid and gas flowing in the same direction. Cocurrent contactors using structured packing
clements similar to in-line mixers are used for gas purification applications when a single
contact stage is sufficient; for example, when an irreversible reaction occurs. They have the
advantage of operating with much higher gas velocities than countercurrent designs without
being subject to flooding problems.
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As compared to tray columns, packed columns are generally preferred for small installa-
tions, corrosive service, liquids with a tendency to foam, very high liquid/gas ratios and
applications in which a low pressure drop is desired. Their use in larger sizes appears to be
increasing, and there is also a growing use of packing to replace trays where an improvement
in column performance is required.

Typical random packing elements are illustrated in Figure 1-3 and one example of an
ordered packing is shown in Figure 1-4.

Spray Contactors

Spray contactors are important primarily when pressure drop is a major consideration and
when solid particles are present in the gas, for example, atmospheric pressure exhaust gas
streams. They are not effective for operations requiring more than one theoretical contact
stage or a close approach to equilibrium. Since the surface area for mass transfer in a spray
chamber is directly proportional to the liquid flow rate, it is common practice to recycle the
absorbent to increase absorption efficiency.

Types of cquipment classified as spray contactors include countercurrent spray columns,
venturi scrubbers, ejectors, cyclone scrubbers, and spray dryers. The use of spray dryers as
absorbers is of particular interest in the removal of sulfur dioxide from hot flue gas (see
Chapter 7).

Figure 1-3. Examples of random packing elements. Courtesy of Koch Engineering
Company, Inc.
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Figure 1-4. Typical structured packing (Intalox). Courtesy of Norton Chemical Process
Products Company

Design Approach

The design of countercurrent absorbers normally involves the following steps: (1) selec-
tion of contactor, including type of trays or packing, based on process requirements and
expected service conditions; (2) calculation of heat and material balances; (3) estimation of
required column height (number of trays or height of packing) based on mass transfer analy-
sis; (4) calculation of required column diameter and tray or packing parameters based on gas
and liquid flow rates and hydraulic considerations; and (5) mechanical design of the hard-
ware. The steps are not necessarily performed in the above order and may be combined or
reiterated in the design procedure. In the design of spray contactors, steps 3 and 4 are
replaced by design calculations that define the configuration and operating parameters of the
liquid breakup and separation equipment. For cocurrent contactors selecting and sizing the
mixing elements are the principal design tasks.

The key data required for the design of absorbers are the physical, thermal, and transport
properties of the gases and liquids involved; vapor/liquid equilibrium data; and, if chemical
reactions are involved, reaction rate data. Configuration data on the trays or packing are, of
course, also required. Appropriate data are included, when available, for processes described
in subsequent chapters.

The design of absorbers (and strippers) typically involves a computer-assisted, tray-by-
tray, heat- and material-balance calculation to determine the required number of equilibrium
stages. which are then related to the required number of actual trays by an estimated tray
cfficiency. More recently, a non-equilibrium stage model has been developed for computer
application which considers actual trays (or sections of packing) and performs a heat and
matcrial balance for each phase on each actual tray, based on mass and hcat transfer rates on
that tray.

To facilitate the use of computers in the design of absorbers, Kessler and Wankat (1988)
have converted a number ot commonly used correlations to equation form. These include
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O’Connell’s overall tray efficiency correlation (1946), Fair’s flooding correlation for sieve
tray columns (1961), Hughmark and O’Connell’s correlation relating to pressure drop of gas
through a dry tray (1957), Fair’s correlation for tray weeping (1963), and Eckert’s correlation
for flooding in a packed tower (1970A).

A number of commercially available software programs that include absorber design rou-
tines are listed in the CEP 1997 Software Directory (Chem. Eng. Prog., 1997). A packed
tower design program for personal computers, which includes correlations for predicting the
efficiency and capacity of high efficiency structured packings, is described by Hausch and
Petschauer (1991). Detailed reviews of commonly used design procedures for absorption
operations are presented in several texts and articles including those of Edwards (1984), Fair
et al. (1984), Zenz (1979), Treybal (1980), Kohl (1987), and Diab and Maddox (1982). A
brief summary of the principal design equations and correlations is presented in the follow-
ing sections.

Material and Energy Balance

Figure 1-5 is a simplified diagram of a countercurrent absorption column containing
either trays or packing. In order to work with constant gas and liquid flow rates over the
length of the column, solute-free flow rates and mole ratios (rather than mole fractions) are
used in material balance equation 1-1.

Product gas
AGyy,

/ \ Lean solvent (absorber)
rich solvent (stripper)

Ly X,

N

#
Gy Y Ly X

' e

=4

Rich solvent (absorber)
lean solvent (stripper)

, Figure 1-5. Material balance diagram
Ly X

for countercurrent contactor.
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G (Y - Y =Ly X-Xy) (-1

Where: Gy = solute-free gas flow rate, Ib-mole/h ft
Ly = solute-free liquid flow rate, Ib-mole/ h ft
X =mole ratio solute in the liquid phase
=x/(1 — x), where x = mole fraction
Y = mole ratio solute in the gas phase
=y/(1 —y), where y = mole fraction

Rearranging equation (1-1) gives
Y =Ly/Gu'X—Xp) + Y, (1-2)

which is the equation of the operating line. The line is straight on rectangular coordinate
paper and has a slope of Ly/Gy". The coordinates of the ends of the operating line represent
conditions at the ends of the column, i.e., X, Y, (top) and X, Y, (bottom).

Absorber design correlations are not always based on solute-free flow rates and mole
ratios. The original Kremser (1930) and Souders and Brown (1932) design equations, for
example, are based on the lean solvent rate and the rich gas. When the solute concentrations
in gas and liquid are low, x is approximately equal to X, and y is approximately equal to Y.
In addition, the total molar flow rates are approximately equal to the solute-free flow rates.
In these cases equation 1-2 simplifies to

y=Lu/Gu (x—X2) +¥2 (1-3)

which is easier to use because equilibrium data are usually given in terms of mole fractions
rather than mole ratios.

Although absorber designs can be effectively accomplished using analytical correlations
and computer programs, the performance of countercurrent absorbers can best be visualized
by the use of a simple diagram such as Figure 1-6. In this figure both the operating lines and
equilibrium curve are plotted on X,Y coordinates.

Typically the known parameters are the feed gas flow rate, Gy, the mole ratio of solute in
the feed gas, Y). the mole ratio of solute (if any) in the lean solvent, X,, and the required
mole ratio of solute in the product gas, Y,. The goal is to estimate the required liquid
flowrate and, ultimately, the dimensions of the column.

Two possible operating lines have been drawn on Figure 1-6; line A represents a typical
design, and line B represents the theoretical minimum liquid flow rate. The distance between
the operating line and the equilibrium curve represents the driving force for mass transfer at
any point in the column. Since line B actually touches the equilibrium curve at the bottom of
the column, it would require an infinitely tall column, and therefore represents the limiting
condition with regard to liquid flow rate. Typically liquid flow rates (or L/G ratios)—20 to
100% higher than the minimum—are specified.

Frequently absorption is accompanied by the release of heat, causing an increase in tem-
perature within the column. When this occurs it is necessary to modify the equilibrium curve
so that it corresponds to the actual conditions at each point in the column. For tray columns
this can best be accomplished by a rigorous tray-by-tray heat and material balance such as
one proposed by Sujata (1961). For packed columns, a computer program approach was
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developed by von Stockar and Wilke (1977) which operates by dividing the column into an
arbitrary number of segments. These authors also developed a shortcut method that does not
require a computer (Wilke and von Stockar, 1978). More recently, computer programs have
been developed that calculate heat and material balances around both the gas and liquid
phases on each actual (not theoretical) tray or each selected slice in a packed column (Vick-
ery et al., 1992; Seader, 1989; Krishnamurthy and Taylor, 1985A, B).

The overall distribution of heat release between the liquid and gas streams is determined
primarily by the ratio of the total heat capacities of the two streams, Ly/C/GpCp, where Ly
is the flow rate of the liquid, Gy is the flow rate of the gas, C is the heat capacity of the lig-
uid, and C, is the heat capacity of the gas. When the ratio is high (over about 2), the liquid
carries the heat of reaction down the column, the product gas leaves at approximately the
temperature of the liquid feed, and the product liquid leaves at an elevated temperature deter-
mined by an overall heat balance. Typically the feed gas cools the outgoing liquid somewhat,
resulting in a temperature bulge within the column. When the ratio is low (below about 0.5),
the product gas carries essentially all of the heat of reaction out of the column. For ratios
close to 1.0, the reaction heat is distributed between the liquid and gas products, both of
which may leave at a temperature well above that of the incoming streams.

Column Height

Packed Columns

The concept of absorption coefficient, which is the most convenient approach for packed
column design, is based upon a two-film theory originally proposed by Whitman (1923). It is
assumed that the gas and liquid are in equilibrium at the interface and that thin films separate
the interface from the main bodies of the two phases. Two absorption coefficients are then
defined as k;, the quantity of material transferred through the liquid film per unit time, per
unit area, per unit of driving force in terms of liquid concentration; and kg, the quantity
transferred through the gas film per unit time, per unit area, per unit of driving force in terms
of pressure. Since the quantity of material transferred from the body of the gas to the inter-
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face must equal the quantity transferred from the interface to the body of the liquid, the fol-
lowing relationship holds:

Na=kg(P —p) =ki(c; —©) (1-4)

Where: N, = quantity of component A transferred per unit time, per unit area
p = partial pressure of A in main body of gas
p; = partial pressure of A in gas at interface
¢ =concentration of A in main body of liquid
¢; = concentration of A in liquid at interface

Any consistent set of units may be used; however, it is convenient to express p in atmos-
pheres and c in pound moles per cubic foot, in which case kg is expressed as Ib moles/(hr)(sq
ft)(atm) and k;_as Ib moles/(hr)(sq ft)(Ib moles/cu ft).

The use of equation 1-4 for design requires a knowledge of both kg and k; as well as the
equilibrium relationship and the interfacial area per unit volume of absorber. Although these
factors can be estimated for special design cases, it is more practical to use overall coeffi-
cients which are based on the total driving force from the main body of the gas to the main
body of the liquid and which relate directly to the contactor volume rather than to the interfa-
cial area. These overall coefficients, Kga and K; a, are defined as follows:

Nja dV =Kga(p - p.) dV =Kya(c. —¢) dV (1-5)

Where: a = interfacial area per unit volume of absorber
p. = partial pressure of A in equilibrium with a solution having the composition of
main body of liquid
c. = concentration of A in a solution in equilibrium with main body of gas
V = volume of packing

The overall coefficients are related to the individual film coefficients as follows:

11, H 06
Kga kga k;a

1 1 1

—_——

K;a kja Hkga

a-7n

where H is Henry’s law constant, py/c;, or, in cases where Henry’s law does not hold, (p; — pe)/
(ci - ce)-

The use of overall coefficients is strictly valid only where the equilibrium line is straight
over the operating region. However, because of their convenience, they are widely used for
reporting test data, particularly on commercial equipment, and are therefore very useful for
design.

In order to apply absorption coefficient data to the design of commercial columns, it is
necessary to consider the changes in liquid and gas compositions that occur over the length
of the column. This involves equating the quantity of material transferred (as indicated by
gas- or liquid-composition change) to the quantity indicated to be transferred on the basis of
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the absorption coefficient and driving forces and then integrating this equation over the
length of the column. For the individual film coefficients, this results in the following
expression for column height (Sherwood and Pigford, 1952):

h =Gy, P psm dp L@ dc 1-8)
py kga(P—p)2(p—p.) P %, kpalc, —c)

Where:  h = height of packed zone, ft
G’y = superficial molar mass velocity of inert gas, 1b moles/(hr)(sq ft)
p, = partial pressure of solute in entering gas, atm
P2 = partial pressure of solute in leaving gas, atm
P =total pressure of system, atm
p = partial pressure of solute in main gas stream, atm
p. = partial pressure of solute in equilibrium with main body of solution, atm
peMm = log mean of inert gas pressures
k’G = kg (Pem/p) = special mass-transfer coefficient which is independent of gas
composition, Ib moles/(hr)(sq ft)(atm)
L =liquid flow rate, 1b/(hr)(sq ft)
pL = liquid density, 1b/cu ft (assumed constant)
¢ = solute concentration in liquid leaving bottom of column, Ib moles/cu ft
¢, = solute concentration in liquid fed to top of column, 1b moles/cu ft
¢ = solute concentration in main body of liquid, 1b moles/cu ft
¢, = concentration of solute in liquid phase in equilibrium with main body of
gas, 1b moles/cu ft

The equations may be integrated graphically by a method developed by Walker et. al
(1937) that is also described by Sherwood and Pigford (1952). Simplified forms of these
equations have been developed which are much more readily used and which are sufficiently
accurate for most engineering-design calculations. Two of these forms are particularly adapt-
ed to the low gas and liquid concentrations that are frequently encountered in gas purifica-
tion. These equations assume that the following conditions hold:

1. The equilibrium curve is linear over the range of concentrations encountered (and there-
fore overall coefficients can be used).

2. The partial pressure of the inert gas is essentially constant over the length of the column.

3. The solute contents of gaseous and liquid phases are sufficiently low that the partial pres-
sure and liquid concentration values may be assumed proportional to the corresponding
values when expressed in terms of moles of solute per mole of inert gas (or of solvent).

In terms of the overall gas coefficient and gas-phase compositions, the tower height can be
estimated by equation 1-9:

Gm "1_dy 1-9
KgaP %y, y—¥e

or, where the overall liquid absorption coefficient is available, the column height may be cal-
culated in terms of liquid-phase compositions:
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LM Xy dx
pumKpa 9x; x, —x

h= (1-10)

In equations 1-9 and 1-10, y and x refer to the mole fractions of solute in the gas and lig-
uid streams, respectively, and Ly, and py represent the molar values of liquid flow rate and
density, i.e., Ib moles/(hr)(sq ft) and Ib moles/cu ft. The subscript 1 refers to the bottom of
the column, subscript 2 to the top of the column, and subscript e to the equilibrium composi-
tion with respect to the main body of the other phase. The other symbols have the same sig-
nificance as in the previous equations. In general, it is preferable to employ the overall gas-
film coefficient when the gas-film resistance is predominant, and the overall liquid
coefficient when the principal resistance to absorption is in the liquid phase.

Equations 1-9 and 1-10 may be solved by relatively simple graphical integration. Howev-
er, a further simplification, which can frequently be employed, is the use of a logarithmic
mean driving force in the rate equation rather than graphical integration. This can be shown
to be theoretically correct where the equilibrium curve and operating line are linear over the
composition range of the column. The equations then reduce to

__GmGr—y,) a-11
KgaP(y —¥.)im

or
—_ Lm&i—%y) (1-12)

 pmKra(x, —X)py

where (¥ — yoium and (X, — X)p are equal to the logarithmic mean of the driving forces at the
top and bottom of the column. Although not theoretically correct, the logarithmic mean driving
force is often used to correlate Kga values for systems where the equilibrium curve is not a
straight line and even for cases of absorption with chemical reaction. This greatly simplifies
data reduction but can lead to serious errors. In general, the procedure is useful for comparing
similar systems within narrow ranges of liquid composition and gas partial pressure.

A considerable amount of data on absorption-column performance is presented in terms of
the “height of the transfer unit” (HTU), and design procedures based on this concept are pre-
ferred by many because of their simplicity and similarity to plate-column calculation meth-
ods. The basic concept which was originally introduced by Chilton and Colburn (1935) is
that the calculation of column height invariably requires the integration of a relationship
such as (from equation 1-9)

(s
Yo Y=Y

The dimensionless value obtained from the integration is a measure of the difficulty of the
gas-absorption operation. In the above case, it is called the number of transfer units based on
an overall gas driving force, Nog, and equation 1-9 can be reduced to

Gum
KgaP

h=

Nog (1-13)
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The HTU for this case (based on an overall gas-phase driving force) is then defined as

h Gy
Hoo =D 1-14
00 =N~ T KgaP (1-14)

Since Nog is dimensionless, Hog will have the same units as h. Similarly, for the overall
liquid case:

h Ly

(1-15)
No. pumKpa

Hg =

As in the calculation of column height from Kga or Kj a data, it is theoretically correct to
use a logarithmic mean driving force when both the equilibrium and operating lines are
straight. For this case, the number of transfer units (overall gas) may be calculated from the
simple expression:

Nog = 1"y2 (1-16)
(Y—Yedm

This equation may be combined with the equilibrium relation:
Ye=mx

and the material-balance expression:

Ly x1—x)=Gm ¢, —¥)

to eliminate the need for values of y.. The resulting equation which was proposed by Col-
burmn (1939) is given below:

n [1_ﬂu] [Yl_““ﬁ}.ﬂ
N = Ly Jlyz —mx; Lm (1-17)
o6 1—(mGy /L) )

Where: Ngg = number of overall transfer units
m = slope of equilibrium curve dy./dx
x; = mole fraction solute in liquid fed to top of column
y; = mole fraction solute in gas fed to bottom of column
y» = mole fraction in gas leaving top of column
Gy = superficial molar mass velocity of gas stream, Ib moles/(hr)(sq ft)
Ly = superficial molar mass velocity of liquid stream, 1b moles/(hr)(sq ft)

It will be noted thar the parameter mGyy/Ly, appears several times in equation 1-17.

This parameter is called the stripping factor, S, and its reciprocal, Ly/mGy, is called the
absorption factor, A. The absorption factor is used in a number of popular techniques for the
design of both packed and tray absorbers. It can be considered to be the ratio of Ly/Gyy, the
slope of the operating line, to m, the slope of the equilibrium line. Plots of equation 1-17,
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which can be used for estimating the required number of transfer units, are given in several
publications (e.g., Treybal, 1980; Perry and Green, 1984).

Alternative equations and graphical techniques have been developed to calculate Nog for
other design conditions (Colburn, 1941; White, 1940). A summary of useful design equa-
tions for transfer-unit calculations is presented by Sherwood et al. (1975).

The HTU concept can also be employed for analysis of the contributions of the individual
film resistances although, in general, the individual absorption coefficients are preferred for
basic studies. Values of Nqg are particularly useful for expressing the performance of equip-
ment in which the volume is not of fundamental importance. In spray chambers, for example
(see Chapter 6), the effectiveness of the equipment is more a function of liquid flowrate and
spray nozzle pressure than of tower volume. The use of volume-based absorption coeffi-
cients for such units is quite meaningless.

An approach frequently used by vendors to describe the mass transfer efficiency of pack-
ing is the “height equivalent to a theoretical plate” (HETP) which is defined as follows:

HETP = Height of packed zone/Number of theoretical plates achieved in packed zone

In this approach the number of theoretical plates required is estimated as described in the
next section for tray columns, and this number is simply multiplied by the HETP value given
for the packing employed to obtain the required packing height. The HETP concept is not
theoretically correct for packed columns, in which contact is accomplished by differential
rather than stagewise action; however, it is very easy to use for column design. For the spe-
cial case of parallel equilibrium and operating lines (i.c., mGw/Ly; = 1), HETP and HTU are
equal.

The calculation of packed column height by these techniques requires a knowledge of the
overall absorption coefficient (e.g., Kga), the height of a transfer unit (e.g., Hog), or the
height equivalent to a theoretical plate (HETP) and estimation of these values is usually the
most difficult column design task. Although some success has been achieved in predicting
packed-column, mass-transfer coefficients from a purely theoretical basis (e.g., Vivian and
King, 1963), the use of empirical correlations and experimental data represents the usual
design practice. Test or operating data relating to absorption coefficients are therefore given
whenever feasible for processes described in subsequent chapters. Examples of Kga values
for a number of gas absorption operations are presented in Table 1-5. Data for a variety of
packings operating under similar conditions are given in Table 1-6. The values given in this
table are calculated for the absorption of carbon dioxide in dilute sodium hydroxide solution
by assuming zero equilibrium vapor pressure of carbon dioxide over the solution and using a
log-mean partial pressure over the length of the column.

Generalized correlations for estimating the individual mass transfer coefficients have been
proposed by Onda et al. (1968), Bolles and Fair (1982), and Bravo and Fair (1982). These
correlations cover commonly used packings such as Raschig rings, Berl saddles, Pall rings,
and related configurations. Correlations for structured packings have been developed by
Bravo et al. (1985) for Sultzer BX (gauze) packing, and by Spiegel and Meier (1987) for
Mellapak (sheet metal) packing. Fair and Bravo (1990) suggest that the Bravo et al. (1985)
correlation can be used for sheet metal as well as gauze packing by using a ratio of interface
area/packing area of less than 1.0, and they provide a simple method of estimating the ratio.

A computer model that makes use of correlations, such as those referred to above for the
individual mass transfer coefficients, to predict the actual performance of small sections of
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Table 1-5
Typical Kga Values for Various Absorbate/Absorbent Systems
KGa, Ib moles/(hr) (ft3) (atm)
Absorbent
Water Aqueous Solutions
Absorbate A B C Solution A B
CO, 0.07 4% NaOH 20 15
H,S 04 4% NaOH 5.92 44
SO, 2.96 22 0.32 11% Na,CO; 11.83 893
HCN 5.92 44
HCHO 5.92 44
Cl, 4.55 34 0.14 8% NaOH 14.33 10.8
Br, 5% NaOH 5.01 37
ClO, 44 44
HC1 18.66 14.0 16.0
HBr 5.92
HF 7.96 6.0
NH,3 17.30 13.0 Dilute acid 13.0 13.0
O, 0.007
Notes:
A = data for #2 plastic Super Intalox packing, gas velocity 3.5 fifs, liquid rate 10 gpm/sq fi.
(ASHRAE Handbook, 1988)
B = data for #2 plastic Super Intalox packing, gas velocity 3.5 fi/s, liquid rate 4 gpm/sq f1. (Strigle,
1994)
C =data for 1.5 in Intalox Saddles, conditions not stated. (Eckert et al., 1967)

packing in a column has been proposed by Krishnamurthy and Taylor (1985B). The
approach is based on one they originally proposed for tray columns (1985A) and does not
involve the concepts of HTU or HETP; in fact, the attainment of equilibrium is assumed to
occur only at the gas/liquid interface and not in the products of a theoretical stage. In this
rate-based model, separate material balances are made for gas and liquid phases in each
packing section; these are coupled by interface mass transfer rates which must be equal in
each phase at the interface.

Tray Columns

A commonly used design concept for tray columns is the “theoretical tray.” This concept
is based on the assumption that, with a theoretically perfect contact tray, the gas and liquid
leaving will be in equilibrium. Although this assumption does not exactly represent the
operation of any actual tray (where much of the gas will not even come in contact with the
leaving liquid), it greatly simplifies the design procedure, and the departure of actual trays
from this ideal situation can be conveniently accounted for by an expression known as “tray
efficiency.”
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Table 1-6
Typical Kza Values for Various Packings

KGa, Ib moles/(hr) (ft3) (atm)

Packing Material
Packing metal plastic ceramic

#25 IMTP 3.42
#50 IMTP 244
#70 IMTP 1.74
1-in. Pall Rings 3.10 2.64
2-in. Pall Rings 2.18 2.09
3.5-in. Pall Rings 1.28 123
#1 Hy-Pac Packing 2.89
#2 Hy-Pac Packing 2.06
#3 Hy-Pac Packing 1.45
#1 Super Intalox Packing 2.80
#2 Super Intalox Packing 1.92
#3 Super Intalox Packing 123
1-in. Intalox Saddles 2.82
2-in. Intalox Saddles 1.88
3-in. Intalox Saddles L.11
1-in. Raschig Rings 231
2-in. Raschig Rings 1.63
3-in. Raschig Rings 1.02
Intalox Snowflake Packing 237
Structured Packings

Intalox 1T 4.52

Intalox 2T 3.80

Intalox 3T 2.76

Notes: 1. Conditions: inlet gas—3.5 fi/s, 1 mol% CO2 in air; feed liquid—10 gpm/ft2, 1 N NaOH,
75°F; NaOH conversion less than 25%.
2. IMTP, Hy-Pac, Super Intalox, Intalox, and Intalox Snowflake are trademarks of the Norton
Company.
Source: Strigle (1987, 1994)

The number of theoretical trays required for absorption can be determined simply by step-
ping off trays on a diagram similar to Figure 1-6. An example of this procedure is shown in
Figure 11-32 for water absorption in triethylene glycol (TEG). In this case the coordinates
are 1b water/MMscf for the gas phase and Ib water/Ib TEG for the liquid phase. A modifica-
tion of this technique has been proposed by Rousseau and Staton (1988) for strippers and
absorbers employing chemical solvents. The key features are the use of y,/(1 — y,) as the
ordinate and f, as the abscissa where
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A =solute
ya = mole fraction of A in the gas phase
f, = fractional saturation of the reactive component of the solution with A

With this coordinate system the operating line is straight. The equilibrium curve may be
based on actual data for the specific system at column operating conditions or may be
approximated on the basis of related data. Rousseau and Staton outline steps for estimating
equilibrium curves based on the Henry’s law constant for unreacted component A in the lig-
uid and the equilibrium constant for the chemical reaction of A with the reactive component.

The graphical procedure is very useful for preliminary studies to establish the minimum
flow rates for absorption and stripping operations, and for estimating the number of ideal
stages (theoretical trays) required once design flow rates have been set. The number of ideal
stages can be converted to actual trays by applying an appropriate tray efficiency.

Analytical procedures that closely resemble those employed for calculating the number of
transfer units have also been developed for tray columns. A particularly useful equation sug-
gested by Colburn (1939) for the case of low solute concentration and a straight equilibrium

line is
m[[l_n;ﬂ] (w},iﬂ]
y; —NX
Np = M 2 2 M (1-18)

where Np = number of theoretical plates and the other symbols have the same meaning as in
equation 1-17

As noted in the preceding section, the parameter mGyy/Ly represents the ratio of the slope
of the equilibrium curve to the slope of the operating line and is called the stripping factor, S.
This factor and its reciprocal, the absorption factor, A, normally vary somewhat over the
length of the column due to changes in all three variables. Kremser (1930) proposed defining
A in terms of the lean solution and feed gas flow rates as follows:

A=LM0/mGM(N_,_U (1-19)

The fractional absorption of any component, C, by an absorber of N theoretical plates is
given by the following equation, often referred to as the Kremser (or Kremser-Brown)
equation:

ON+1—YDAYN+1 — Yoy = (AN*T— A)(AN+1 1) (1-20)

Where: ¥Yn+1 = mole fraction C in the inlet gas
y; = mole fraction C in outlet gas
Yo = mole fraction C in equilibrinm with lean solution
Lo = lean solution flow rate, moles/hr
Gun + 1) = feed gas rate, moles/hr
N = number of theoretical plates in the absorber
m =K = y/x at equilibrium (assumed constant over the length of the
column)
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The Kremser equation is useful in the preliminary design of plate columns for physical
absorption processes, such as the dehydration of natural gas with glycol solutions (see Chap-
ter 11) and the absorption of CO, and H,S in nonreactive solvents (see Chapter 14).

As mentioned previously, the number of actual plates in an absorber is related to the num-
ber of theoretical plates by a factor known as the “plate efficiency.” In its simplest definition,
the “overall plate efficiency” is defined as “the ratio of theoretical to actual plates required
for a given separation.” For individual plates, the Murphree vapor efficiency (Murphree,
1935) more closely relates actual performance to the theoretical-plate standard. It is defined
by the following equation:

_ Yp~¥p+1

Epy (1-21)

- Ype — Yp+1

Where:  y,=average mole fraction of solute in gas leaving plate
¥p+1 = average mole fraction of solute in gas entering plate (leaving plate below)
¥pe = mole fraction of solute in gas in equilibrium with liquid leaving plate

Murphree plate efficiency values can be used to correct the individual steps in graphical
analyses of the number of plates required. The overall efficiency, on the other hand, can only
be used after the total number of theoretical plates has been calculated by a graphical or ana-
lytical technique. When operating and equilibrium lines are nearly parallel, the two efficien-
cies can be considered to be equivalent. Under other conditions they may vary widely.

A third version of the plate efficiency concept is the Murphree Point Efficiency, which
can be defined as the Murphree efficiency at a single point on a tray. The point efficiency is
the most difficult to use but is the most useful in theoretical analysis of tray performance.
The Murphree vapor tray efficiency and point efficiencies on the tray are related primarily
by the degree of mixing that occurs on the tray. The two are equal if mixing is complete;
while the tray efficiency can be appreciably higher than the point efficiency if no mixing
occurs. Actual trays fall between the two extremes.

A computer model relating point and tray efficiencies is described by Biddulph (1977). In
this model the calculations for a tray are started at the outlet weir, where the liquid composi-
tion is known, and move progressively through thin slices of the liquid against the liquid
flow to the inlet weir. At each increment, the liquid composition and temperature, and the
gas composition above the point are calculated, based on an assumed point efficiency for
each component and the gas composition below the tray at that point. An eddy diffusion
model is used to define mixing in a comparison of the computer simulation with actual com-
mercial plant data from a distillation column.

For simple physical absorption, the principal factors affecting tray efficiencies are gas sol-
ubility and liquid viscosity, and a correlation based on these two variables has been devel-
oped by O’Connell (1946). His correlation for absorbers is reproduced in Figure 1-7. Unfor-
tunately, other factors such as the absorption mechanism, liquid depth, gas velocity, tray
design, and degree of liquid mixing also influence tray efficiency, so no simple correlation
can adequately cover all cases. A more detailed study of bubble tray efficiency has been
made by the Distillation Subcommittee of the American Institute of Chemical Engineers
(1958). The Bubble Tray Design Manual resulting from this work provides a standardized
procedure for estimating efficiency which takes the following into account:
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Figure 1-7. Correlation of overall plate efficiencies for commercial and laboratory
absorbers; H = Henry’s law constant in atm/(Ib mole/cu ft), P = total pressure in
atmospheres, and 1 = liquid viscosity in centipoises. From 0’Connell (1946)

1. The rate of mass transfer in the gas phase

2. The rate of mass transfer in the liquid phase

3. The degree of liquid mixing on the tray

4. The magnitude of liquid entrainment between trays

Properly designed sieve trays are generally somewhat more efficient than bubble-cap
trays. A simplified approach for predicting the efficiency of sieve trays is given by Zuider-
weg (1982) who presents a series of correlations defining their overall performance. The
Zuiderweg study relies heavily on data released by Fractionation Research, Inc. (FRI) on the
performance of two types of sieve trays (Yanagi and Sakata, 1981).

More recent studies aimed at developing models for predicting stage efficiencies include
those of Chen and Fair (1984), Tomcej and Otto (1986), and Tomcej et al. (1987). The
objective of the Tomcej et al. study is to provide a technique for designing trays for selective
absorption. Specifically, the absorption of H,S and CO, in amines is considered. The H,S
has a much higher tray efficiency because its rate of reaction in the liquid phase is faster. The
approach makes use of a nonequilibrium stage model in which a parametric analysis is used
to estimate tray efficiencies for the individual components. The calculated efficiencies are
found to be strong functions of kinetic rate parameters and operating variables such as the
gas velocity and the interfacial area and dispersion height generated on the tray. In one
example, with 30% DEA solution operating at a pressure of 260 kPa, the CO, tray efficiency
ranges from 7.5-9.1%, while the H,S tray efficiency is relatively constant at about 42%.
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The preceding discussion is based on using the concepts of “theoretical trays” and “tray
efficiencies™ to estimate the total number of actual trays required for a given absorption task.
An alternative approach is to consider the mass transfer rate on each actual tray by modeling
material and energy transfer through the interface between gas and liquid on the tray. Seader
(1989) presents an historical perspective and generalized description of the rate-based
approach for modeling staged separations and suggests that “the advantages of this approach
can usher in a new era for modeling.”

A detailed description of the “Mass Transfer Rate” model is given by Krishnamurthy and
Taylor (1985A) who list the equations describing the model as follows:

1. Material balance equations
2. Energy balance equations
3. Rate equations

4. Equilibrium relations

Since the mass transfer occurring on an actual tray depends on the tray design, the model
uses detailed information about column and tray configurations, as well as fluid composi-
tions, flow rates, diffusivities, and physical properties. Mass and energy balances are per-
formed around each phase on every actual tray. Krishnamurthy and Taylor (1985B) also pro-
pose a rate-based model for simulation and design of packed distillation and absorption
columns. The packed tower model is based on simply dividing the packing zone into a num-
ber of sections (e.g., 10 for a typical absorber) around which the mass and energy balances
are performed.

The rates of mass and energy transfer between phases are calculated based on gas and lig-
uid film coefficients and concentration and temperature driving forces. Both thermal and
chemical equilibria are assumed to exist only at the gas-liquid interface. The liquid film mass
transfer coefficient is adjusted, if necessary, for chemical reactions occurring in the liquid
phase by use of an enhancement factor (as defined in the next section). An absorption col-
umn simulator, which uses the rate-based approach, is described by Sardar et al. (1985).
They demonstrate its predictive capabilities against operating data from a number of com-
mercial plants employing various amines to remove H,S and CO; in both tray and packed
towers. The use of the rate-based design method to evaluate the performance of two amine
plants is described by Vickery et al. (1992).

Effect of Chemical Reactions

A chemical reaction of the solute with a component in the liquid phase has the effect of
increasing the liquid-film absorption coefficient over what would be observed with simple
physical absorption. This results in an increase in the overall absorption coefficient in packed
towers or an increase in tray efficiency in tray towers.

With very slow reactions (such as between carbon dioxide and water) the dissolved mole-
cules migrate well into the body of the liquid before reaction occurs so that the overall
absorption rate is not appreciably increased by the occurrence of the chemical reaction. In
this case, the liquid film resistance is the controlling factor, the liquid at the interface can be
assumed to be in equilibrium with the gas, and the rate of mass wansfer is governed by the
molecular CO, concentration-gradient between the interface and the body of the liquid. At
the other extreme are very rapid reactions (such as those of ammonia with strong acids)
where the dissolved molecules migrate only a very short distance before reaction occurs. The
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location of the reaction zone (and the value of the absorption coefficient) will depend pri-
marily upon the diffusion rate of reactants and reaction products to and from the reaction
zone, the concentration of solute at the interface, and the concentration of the reactant in the
body of the liquid. However, since the distance that the solute must diffuse into the liquid is
extremely small compared to the distance that it would have to travel for simple physical
absorption, a high liquid-film coefficient is observed, and, in many cases, the gas-film resis-
tance becomes the controlling factor.

Since the effect of chemical reaction is to increase the liquid film coefficient, k;, over the
value it would have in the absence of chemical reaction, k{, a common approach is to utilize
the ratio, k;/k{, in correlations. This ratio is called the enhancement factor. Both ky and ki
are affected by the fluid mechanics, but fortunately their ratio, E, has been found to be rela-
tively independent of these factors. It is primarily a function of concentrations, reaction rates,
and diffusivities in the liquid phase.

The theoretical evaluation of absorption followed by liquid-phase chemical reaction has
received a great deal of attention although the results are not yet routinely useful for design
purposes. Early studies of serveral reaction types were made by Hatta (1929, 1932) and Van
Krevelen and Hoftijzer (1948). This work has been expanded by more recent investigators to
cover reversible and irreversible reactions, various reaction orders, and reaction rates from
very slow to instantaneous. Important contributions have been made by Perry and Pigford
(1953), Brian et al. (1961), Gilliland et al. (1958), Brian (1964), Danckwerts and Gillham
(1966), Decoursey (1974), Matheron and Sandall (1978), and Olander (1960). The applica-
tion of the theory to specific gas purification cases has been described by Joshi et al. (1981)
(absorption of CO, in hot potassium carbonate solution), and by Ouwerkerk (1978) (selec-
tive absorption of H,S in the presence of CO, into amine solutions).

Stripping in the presence of chemical reaction has been considered by Astarita and Savage
(1980), Savage et al. (1980), and Weiland et al. (1982). In general, it is concluded that the
same mathematical procedures may be used for stripping as for absorption; however, the
results may be quite different because of the different ranges of parameters involved. It is
always necessary to consider reaction reversibility in the calculation of stripping with chemi-
cal reaction.

It is beyond the scope of this introductory discussion to present even a listing of the numer-
ous mathematical equations developed to correlate the effects of chemical reactions on mass
transfer. Detailed equations and examples of their application are presented in comprehensive
books on the subject by Astarita (1967), Danckwerts (1970), and Astarita et al. (1983).

Column Diameter

Packed Columns

The diameter of packed columns filled with randomly dumped packings is usually estab-
lished on the basis of flooding correlations such as those developed by Sherwood et al. (1938),
Elgin and Weiss (1939), Lobo et al. (1945), Eckert (1970A, 1975), Kister and Gill (1991),
Robbins (1991), and Leva (1992). According to Fair (1990), the currently used correlation for
packed tower pressure drop prediction—commonly called the Generalized Pressure Drop Cor-
relation (GPDC)—should be attributed to Leva (1954). Other investigators have developed
minor improvements. A generalized correlation for estimating pressure drop in structured pack-
ings is presented by Bravo et al. (1986). The Eckert (1975) version, which is the basis for the
approach given by Strigle (1994), is widely used and is therefore included here.
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The Eckert correlation is shown in Figure 1-8. The Y axis is called the Flow Capacity
Factor and the X axis the Relative Flow Capacity. The flow capacity factor includes a pack-
ing factor, F, which is a characteristic of the packing configuration. Leva (1992) provides a
simple procedure for calculating packing factor values for any non-irrigated, randomly
dumped packing for which non-irrigated pressure drop data are available. However, for most
packings acceptable packing factor values are available from the vendor or the open litera-
ture. Typical values are listed in Table 1-7.

It is normally considered good practice to design for a gas rate that gives a pressure drop
of less than about 0.4 inches of water per foot of packing. At high L/G ratios (over about 20),
which are encountered in many gas purification absorbers, the pressure drop may exceed the
above value but the gas rate should not exceed 85% of the rate that results in a pressure drop
of 1.5 inches of water per foot of packing as predicted from Figure 1-8. Systems that tend to
foam should be operated to give a low pressure drop (e.g., 0.25 in./ft) and vacuum systems
may require an even lower pressure drop to minimize overall column pressure drop.

Maximum liquid flow rates recommended by Strigle (1987, 1994) for typical packing
sizes and low viscosity liquids are as follows:

Tray Columns

Most tray column design procedures are based on limiting the gas velocity through the
available column cross section (A,) to a value that will not cause flooding or excessive
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Figure 1-8. Generalized pressure drop comrelation for packed towers. From Strigle (1994)
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Packing Size, in. Maximum Liquid Loading, gpm/ft’

% 25

1 40

1% 55

2 60

3% 125

Table 1-7
Value of the Packing Factor, F, for Packed Tower Pressure Drop Gorrelation
Nominal Packing Size, in.
Packing Material ¥ ¥ % % % 1 14 14 2 3 3%
Super Intalox Saddles C 60 30
Super Intalox Saddles P 40 28 18
Intalox Saddles C 725 330 200 145 92 52 40 22
Intalox Saddles P 33 21 16
Raschig Rings C 1600 1000 580 380 255 179 125 93 65 37
Raschig Rings, ' in. M 700 390 300 170 155 115 65 45
Raschig Rings, Y in. M 410 300 220 144 110 83 57 32
Berl Saddles C 900 240 170 110 65 45
Pall Rings P 95 55 40 26 17
Pall Rings M 81 56 40 27 18
Tellerettes P 35 24 17
Maspac P 32 21
IMTP Packing M 51 41 24 18 12 12
Intalox Snowflake P Diameter 3.7 in., height 1.2 in., F=13
Hy-Pak Packing M 43 26 18 15
Jaeger Tri-Packs P 28 16
Jaeger VSP M 32 21 12
Notes: C = Ceramic, P = Plastic, M= Metal, Data compiled from Strigle (1994), Eckert (19704), Norton Company
(1990), Jaeger Products, Inc. (1990), and ASHRAE Handbook (1988)

entrainment. The exact column diameter, tray spacing, and design of column internals are
then established on the basis of the liquid and gas properties, flow rates, and special system

requirements. The vapor-velocity limitation is usually established from a correlation of the
general form:

U=K, PL~Pg (1-22)
PG

Where: U = allowable superficial vapor velocity, ft/sec
pL = liquid density, 1b/cu ft
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Pg = gas density, Ib/cu ft
K, = empirical constant

This equation was originally proposed by Souders and Brown (1934), on the basis of an
analysis of the frictional upward drag of the moving gas stream upon suspended liquid droplets.
A number of other factors such as plate design and spacing have been found to affect entrain-
ment; however, equation 1-22 is still widely used as an empirical expression by adjusting K, to
the tray conditions. Typical values of K, based on a comrelation proposed by Fair (1963, 1987)
are given in Table 1-8. The Flow Parameter, F,, is defined by the following equation:

F=L [Ps (1-23)
GYoL

Where: L = liquid flow rate, lb/sec
G = gas flow rate, Ib/sec

Table 1-8
Typical Design Values of K, for Sieve, Bubble-Cap, and Valve Plates

Kv — When Flow Parameter, Fv is:

Plate Spacing, in. 0.01 0.1 1.0
6 0.15 0.14 0.065
9 0.18 0.17 0.070
12 0.22 0.20 0.079
18 0.30 0.25 0.095
24 0.39 0.33 0.13
36 0.50 0.42 0.15

Based on correlation of Fair (1963, 1987)

The values given are for a liquid with a surface tension, G, of 20 dynes/cm. The calculated
gas velocity, U, may be corrected for other surface tension values by multiplying by the cor-
rection factor (6/20)%2. The correlation provides a means for estimating the maximum allow-
able gas velocity for all types of plate columns subject to the following restrictions:

1. The system is low or nonfoaming.

2. Weir height is less than 15% of the tray spacing.

3. Sieve plate perforations are %-in. or less in diameter.

4. The ratio of bubble-cap slot, sieve tray hole, or valve tray full opening area, A, to the
active tray area, A,, is 0.1 or greater.

The key column areas involved in the correlation are
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A, = Active area, the area on the tray actively involved in gas/liquid contact, typically the
column cross section less two downcomers, sq. ft

Ay, = Total slot, perforated, or open valve area on plate, sq. ft

A, = Net area for vapor flow, typically the column cross section less one downcomer
(used for calculating U), sq. ft

Fair (1987) points out that when the ratio of Ay/A, is smaller than 0.1, jetting occurs
because of the high velocity of gas through the tray openings. Fair suggests that the calculat-
ed allowable velocity be corrected as follows:

An/Aq U/U
0.10 1.00
0.08 0.90
0.06 0.80

where U is the allowable velocity as calculated by the above equations, and U, is the correct-
ed allowable velocity.

A more accurate (and somewhat more complicated) correlation for predicting entrainment
flooding on sieve and valve trays is proposed by Kister and Haas (1990). Their correlation is
also derived from the original work of Souders and Brown, but provides a modified
approach for determining K,. They introduce, as an important parameter in the correlation,
the clear liquid height at the froth-to-spray-regime transition, and suggest that it be calculat-
ed by an equation attributed to Jeronimo and Sawistowski (1973).

General Design Considerations

Packed Columns

Practical guidelines for random-packed tower design are given by Coker (1991) as follows:

1. The ratio of the diameter of the column to the packing should be at least 15:1.

2. Because of deformability, plastic packing is limited to an unsupported height of 10-15
feet, and metal to 20-25 feet.

3. Liquid redistributors are required every 5—10 tower diameters for rings, and at least every
20 feet for all types of dumped packing.

4. The number of liquid streams provided by the feed distributor should be 3—5 per square
foot in towers larger than 3 feet in diameter.

Efficient liquid and gas distribution is a key requirement for high performance packed
columns. The packed bed will normally cause the liquid flow to spread throughout the col-
umn as it flows downward; however, this results in a loss of effective column height.

A detailed study of liquid and gas distribution in commercial packed colurons is described
by Moore and Rukovena (1986). They conclude that the importance of high performance
distributors increases as the stage count per bed increases. Liquid and gas flow rates as well
as packing type or size have little or no effect. Practical guidelines for selecting, designing,
and installing packed column distributors are given by Bonilla (1993).
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Perry et al. (1990) define the following three basic measures of liquid distribution quality:

1. Distribution density (number of liquid streams)
2. Geometric uniformity of distribution points
3. Uniformity of liquid flow in the individual streams

On the basis of available test data they constructed a decision tree to aid in the selection of
the distributor type for various column services and operating conditions. The resulting
guide indicates that trough-type distributors are generally preferred (over orifice-pan, multi-
pan 2-stage, or spray) for typical absorbers and strippers. The multi-pan 2-stage (MTS) dis-
tributor is a high-performance system designed for low liquid rate conditions (less than about
5 gpm per square foot). The development and application of the MTS distributor is described
by Killat and Perry (1991).

For structured packing, Shah (1991) ranks liquid distribution at the top of the list of poten-
tial trouble spots. He points out that orifice distributors are more generally used for relatively
small columns and are not recommended for fouling service or for liquid containing solids.
Notched-trough distributors are particularly well suited for fouling service and are also used
for large diameter columns, but are extremely sensitive to levelness. Generally, 4 to 7 distri-
bution points are used per square foot (45-75/sq. m) of tower cross sectional area. Details of
the design of packed tower internals are given by Chen (1984). Excellent standardized dis-
tributors for liquid feeding, and packing support plates that provide effective gas distribution
are generally available from major packing suppliers.

Tray Columns
Tterns to be considered in the design of tray columns include

1. Type of tray (e.g., sieve, valve, or bubble-cap)
2. Tray spacing

3. Number and size of openings for gas flow

4. Dimensions of active area

5. Number of passes

6. Size and location of downcomers and weirs

These items are covered in detail in texts on the subject such as Treybal (1980), Van
Winkle (1969), Bolles (1963), Fair (1963), and Perry’s Chemical Engineers’ Handbook
(Perry and Green, 1984). Design data and procedures have also been published for specific
tray column types. Sieve trays are reviewed by Chase (1967), Economopoulos (1978), and
Bamicki and Davis (1989); valve trays by Bolles (1976); and slotted sieve trays by Smith
and Delnicki (1975).

A comprehensive algorithm for designing sieve tray towers is presented by Economopou-
los (1978). More recently, Barnicki and Davis (1989) authored a two-part article about sieve
tray column design, including multipass trays, flow regime effects, and practical cost-effec-
tive standardizations. These authors divide column design into four tasks: (1) determining
the approximate configuration of each tray, (2) selecting a common diameter for the column
and dividing the column into zones of trays with the same number of passes and uniform
active tray areas, (3) assigning hole areas for each tray based on pressure drop, structural,
and flow regime limitations, and (4) checking each tray for excessive entrainment, entrain-
ment flooding, downcomer backup, and weeping. Typical guidelines for the design of sieve
plate columns as compiled by Barnicki and Davis (1989) are given in Table 1-9.
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Table 1-9
Sieve Tray Design Guidelines
Tray Spacing:
Column Diameter, ft <3 3-5 5-6 6-12 13-24
Tray Spacing, in. 6-12 18-24 24-30 30-36 35-48
Weir Height:
Should not exceed 15% of tray spacing
Froth regime: 14 in. (2 in. is normal)
Spray regime: >/ in. (% to % in. is normal)
Downcomer Clearance:
Minimum: ) in. less than weir height (4 in. is normal)
Hole Diameter:
Typical: ¥ in.
Plate Thickness:
Plate Thickness/Hole Diameter
Hole Diameter, in. Stainless Steel Carbon Steel

Y 043 1.0

% 0.32 0.75

% 0.22 0.50

% 0.16 0.38
Weir Loading:

Typical: less than 96 gpm/ft

Pressure Drop:

Maximum, 1.5-3.0 in. of liquid for vacuum
8.0-10.0 in. of liquid for one atm or higher

System Derating Factor:

Factor
Nonfoaming 1.0
Moderate foaming (e.g., absorbers,
amine and glycol regenerators) 0.85
Heavy foaming (e.g., amine and
glycol absorbers) 0.75

Based on compilation of Barnicki and Davis (1989)
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The design of downcomers for sieve plate columns is reviewed by Biddulph et al. (1993).
These aunthors present the following four rules of thumb for downcomer sizing based on
years of experience:

1. Use a velocity of 1.6 ft/s (0.5 m/s) for liquid flow under the downcomer (based on unaerat-
ed liquid).

2. Use the same velocity for liquid flow under the downcomer and liquid flow on the tray to
assure a smooth entry.

3. Keep the head loss due to the underflow clearance to no more than 1.0 to 1.5 inches of hot
liquid.

4. Allow adequate residence time in the downcomer for the disengagement of vapor; 3 sec-
onds for a nonfoaming system and 6 seconds for a foaming system.

Spray Conlactors

Spray contactors can be categorized into two basic types: (1) preformed spray, which
includes countercurrent, cocurrent, and crosscurrent spray chambers; spray dryers; cyclonic
spray devices; and injector venturis, and (2) gas atomized spray, which consists primarily of
venturi scrubbers. Many commercial spray systems use more than one type of spray contac-
tor and often combine sprays with trays or packing.

The correlations developed for predicting the performance of tray and packed towers are
not generally applicable to spray contactors because of fundamental differences in the con-
tact mechanism, particularly with regard to “a,” the effective area for mass transfer. In spray
contactors, the contact area is related more to the number and size of droplets in contact with
the gas stream at any time than to the configuration or volume of the contact chamber. Since,
in most spray devices, these values are determined primarily by the liquid flowrate and the
pressure drop across either the spray nozzles or the venturi throat, it is not surprising that
attempts have been made to correlate spray system performance with power consumed in the
operation. Such a correlation was originally proposed by Lunde (1958), and a plot that
includes his data is reproduced in Chapter 6 (Figure 6-18). Roughly, the correlation indi-
cates that to realize two transfer units (overall gas), for example, the total amount of power
required is

Contactor hp/1000 scfm
Venturi scrubbers 20
Crosscurrent sprays with mesh........c.ccooceeserrcecene. 1.0
Spray cyclones 0.5
Packed tower (3-in. Intalox Saddles).......ccceoeererenen 0.2
Spray tower 0.1

Theoretical correlations have been developed for predicting mass transfer rates for both
the gas and liquid phases with droplets of known size. Unfortunately these correlations are of
little value for design because the droplet size is highly variable and uncertain with common-
ly used equipment. The problem of design is further complicated by backmixing in the gas
phase, which is significant in most spray chambers.

Venturi scrubbers, gjectors, and most spray chambers are, at best, single stage contactors.
Cocurrent contactors also fall into this category. The theoretically ideal performance of such
units is to produce gas and liquid products that are in equilibrium; actual hardware can only
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approach this goal. Normally contactors of this type are used when the equilibrium vapor
pressure of the absorbate over the product liquid is extremely low and can be neglected.
Under these conditions, the equation for the number of transfer units reduces to

Nog =In (/(1-E)) (1-24)

where E = absorption efficiency, expressed as a fraction.

In accordance with equation 1-24, removal efficiency and N are related as follows:

Removal Efficiency, % Nog
90 23
95 3.0
99 4.6

The Ngg values can be used to extrapolate test or operating data on a spray contactor to
other systems or conditions. For example, if one spray unit provides 90% removal (2.3 trans-
fer units), it can be expected that two identical units in series will provide about 99%
removal (4.6 transfer units). Since commercial spray systems are widely variable, the devel-
opment of a generalized design approach based on fundamentals is quite difficult. As a
result, spray contactors are usually designed on the basis of previous experience with similar
systems.

REFERENCES

American Institute of Chemical Engineers, 1958, Bubble Tray Design Manual, Prediction of
Fractionation Efficiency, NY: AIChE.

American Society of Heating, Refrigerating, and Air-Conditioning Engineers, 1988,
ASHRAE Handbook Equipment Volume, Chapt. 11, “Industrial Gas Cleaning and Air Pol-
lution Control.”

Astarita, G., and Savage D. W., 1980, Chemical Engineering Science, Vol. 35, p. 649.
Astarita, G., 1967, Mass Transfer with Chemical Reactions, Elsevier, Amsterdam.

Astarita, G., Savage, D. W., and Bisio, A., 1983, Gas Treating with Chemical Solvents, John
Wiley & Sons, NY.

Barmicki, S. D., and Davis, J. F., 1989, Chem. Eng., Vol. 96, No. 10, October, pp. 140 and
141, November, p. 202.
Biddulph, M. W., 1977, Hydro. Process., Vol. 56, No. 10, October, p. 145.

Biddulph, M. W., Thomas, C. P., and Burton, A. C., 1993, Chem. Eng. Progr., Vol. 89, No.
12, December, p. 56.

Billet, R., 1989, Packed Tower Analysis and Design, Ruhr University, Bochum, Germany.

Blecker, H. G., and Nichols, T. M., 1973, Capital and Operating Costs of Pollution Control
Equipment Modules, Data Manual, Vol. 2., EPA-R5-73-023b, July, PB-224536.

Bolles, W. L., 1963, “Tray Hydraulics—Bubble Cap Trays,” Chapt. 14 in Design of Equilib-
rium Stage Processes, B. D. Smith, Ed., McGraw-Hill, New York, NY.
Bolles, W. L., 1976, Chem. Eng. Prog., Vol. 72, No. 9, September, pp. 43-49.



36  Gas Purification

Bolles, W. L., and Fair, J. R, 1982, Chem. Eng., Vol. 89, July 12, p. 109.

Bonilla, J. A., 1993, Chem. Engr. Prog., Vol. 89, No. 3, March, p. 47.

Bravo, J. L., 1993, “Effectively Fight Fouling of Packing,” Chem. Eng. Prog., Vol. 89, No.
4, April, p. 72.

Bravo, J. L., 1994, “Design Steam Strippers for Water Treatment,” Chem. Eng. Prog., Vol.
90, No. 12, December, p. 56.

Bravo, J. L., and Fair, J. R., 1982, Ind. Eng. Chem., Process Des. Dev., Vol. 21, No. 1, p. 162.

Bravo, J. L., Rocha, J. A., and Fair, J. R., 1986, Hydro. Process., Vol. 65, No. 3, March, p. 45.

Bravo, J. L., Rocha, J. A., and Fair, J. R., 1985, Hydro. Process., Vol. 64, No. 1, January, p. 91.

Brian, P. L. T., 1964, AICKE J., 10:5.

Brian, P. L. T., Hurley, J. F., and Hasseltine, E. H., 1961, AIChE J., Vol. 7, p. 226.

Chase, J. D., 1967, Chem. Eng., Vol. 1, Part 1, July 31, pp. 105-106, Part 2, Aug. 28, pp.
139-146.

Chem. Eng. Prog., 1997, 1997 CEP Sofiware Directory, Supplement to January 1997 issue,
Vol. 93, No. 1.

Chen, G. K., 1984, Chem. Eng., Vol. 91, No. 5, March §, p. 40.

Chen, H., and Fair, J. R., 1984, Ind. Eng. Chem. Process Des. Dev., Vol. 23, Part 1, p. 814,
Part 2, p. 820.

Chilton, T. H., and Colburn, A. P., 1935, Ind. Eng. Chem., Vol. 27, p. 255.

Christensen, K. G., and Stupin, W. J., 1978, Hydro. Process., Vol. 57, No. 2, February, p. 125.
Coker, A. K., 1991, Chem. Eng. Prog., Vol. 87, No. 11, November, p. 91.

Colburn, A. P., 1939, Trans. Am. Inst. Chem. Engrs., Vol. 35, p. 211.

Colburn, A. P., 1941, Ind. Eng. Chem., Vol. 33, p. 459.

Danckwerts, P. V., 1970, Gas Liquid Reactions, McGraw-Hill Book Company, NY.

Danckwerts, P. V., and Gillham, A. J., 1966, Trans. Inst. Chem. Engrs., London, Vol. 44,
p- T42.

Decoursey, W. 1., 1974, Chem. Eng. Sci., Vol. 29, p. 1867.
Diab, S. and Maddox, R. N., 1982, Chem Eng., Vol. 89, Dec. 27, p. 38.

Eckert, J. S., Foote, E. H., Rollison, L. R., and Walter, L. F., 1967, Ind. Eng. Chem., Vol.
59, p. 41.

Eckert, J. S., 1970A, Chem. Eng. Prog., Vol. 66, No. 3, February, p. 39.
Eckert, J. S., 1970B, Oil and Gas J., Vol. 60, Aug. 24, p. 39.

Eckert, J. S., 1975, Chem. Eng., Vol. 82, April 14, p. 70.
Economopoulos, A. P., 1978, Chem Eng., Vol 85, Dec. 4, p. 109.

Edwards, W. M., 1984, “Mass Transfer and Gas Absorption,” Sec. 14 in Perry’s Chemical
Engineers’ Handbook, 6th ed., McGraw-Hill, NY.

Elgin, J. C., and Weiss, F. B., 1939, Ind. Eng. Chem., Vol. 31, p. 435.

Fair, J. R., 1987, “Distillation,” Chapt. 5 in Handbook of Separation Technology, R. W.
Rousseau, Ed., John Wiley & Sons, NY.

Fair, J. R., 1990, Chem. Eng. Prog., Vol. 86, No. 12, December, p. 102.

Fair, J. R., 1963, Chap. 15 in Design of Equilibrium Stage Processes, B. D. Smith, Ed., NY:
McGraw-Hill Book Company, Inc.



Introduction 37

Fair, J. R., Steinmeyer, D. E., Penney, W. R., and Brink, J. A., 1984, “Liquid-Gas Systems,”
Sec. 18 in Perry’s Chemical Engineers’ Handbook, 6th ed., McGraw-Hill, NY.

Fair, J. R., 1961, Petro/Chem Eng., Vol. 33, No. 19, October, p. 45.

Fair, J. R., and Bravo, J. L., 1990, Chem. Eng. Prog., Vol. 86, No. 1, January, p. 19.

Frank, O., 1977, Chem. Eng., Vol. 84, No. 6, March 14, pp. 111-128.

Gilliland, E. R., Baddour, R. F., and Brian, P. L. T., 1958, AIChE J., Vol. 4, p. 223.

Hatta, S., 1932, Technol. Repts., Tohoku Univ., Vol. 10, p. 119.

Hatta, S., 1929, Technol. Repts., Tohoku Univ., Vol. 8, p. 1.

Hausch, G. W., and Petschauer, F. J., 1991, “P.C. Based Packed Tower Design Program,”
presented at the AIChE Summer National Meeting, Pittsburgh, PA, Aug. 20.

Hughmark, G. A., and O’Connell, H. E., 1957, Chem. Eng. Prog., Vol. 53, No. 3, March,
p- 127.

Jaeger Products, Inc., 1990, General Catalog 100, JP1 2/90 5M.

Jeronimo, M. A. da S., and Sawistowski, H., 1973, Trans. Inst. Chem. Engineers, (London),
Vol. 51, p. 265.

Joshi, S. V., Astarita, G., and Savage, D. W., 1981, Transport with Chemical Reactions,
AIChE Symposium Series No. 202, Vol. 77, p. 63.

Kessler, D. P., and Wankat, P. C., 1988, Chem. Eng., Vol. 95, No. 13, Sept. 26, p. 72.

Killat, G. R., and Perry, D., 1991, “A High Performance Distributor for Low Liquid Rates”,
presented at AIChE Annual Meeting, Nov. 17-22, Los Angeles, CA.

Kister, H. Z., and Gill, D. R., 1991, Chem. Eng. Prog., Vol. 87, No. 2, February, p. 32.
Kister, H. Z., and Haas, J. R., 1990, Chem. Eng. Prog., Vol. 86, No. 9, September, p. 63.

Kohl, A. L., 1987, “Absorption and Stripping,” Chap. 6 in Handbook of Separation Process
Technology, R.W. Roussean, Ed., John Wiley & Sons, NY.

Kremser, A., 1930, Natl. Petroleum News, Vol. 22, May 21, p. 48.
Krishnamurthy, R., and Taylor, R., 1985A, AIChE Journal, Vol. 31, pp. 449—465.

Krishnamurthy, R., and Taylor, R., 1985B, Ind. Eng. Chem. Process Des. Dev., Vol. 24, No.
3,p.513.

Leva, M., 1954, Chem. Eng. Prog. Symp. Series, No. 10, Vol. 50, p. 51.
Leva, M., 1992, Chem. Eng. Prog., Vol. 88, No. 1, January, p. 65.

Lobo, W. E., Friend, L., Hashmall, F., and Zenz, F., 1945, Trans. Am. Inst. Chem. Engrs.,
Vol. 41, p. 693.

Lockett, M. J., 1986, Distillation Tray Fundamentals, Cambridge University Press, NY.
Lunde, K. E., 1958, Ind. Eng. Chem., Vol. 50, No. 3, March, p. 293.

Matheron, E. R., and Sandall, O. C., 1978, Am. Inst. Chem. Engrs. Journal, Vol. 24, No. 3,
p- 552.

Mclnnes, R, Jelinek, S., and Putsche, V., 1990, Chem. Eng. Vol. 97, No. 9, September, p. 108

McKee, R. L., Changela, M. K., and Reading, G. L., 1991, Hydro. Process., Vol. 70, No. 4,
April, p. 63.

Moore, F., and Rukovena, F., 1986, “Liquid and Gas Distribution in Commercial Packed Tow-
ers,” presented at 36th Canadian Chemical Engineering Conference, Paper 23b, Oct. 5-8.

Murphree, E. V., 1935, Ind. Eng. Chem., Vol. 17, p. 747.



38  Gas Purification

Norton Co., 1990, Akron, OH, Bulletin 1SPP-1R, 2M-150014302-5/90.

O°Connell, H. E., 1946, Trans. Am. Inst. Chem. Engrs., Vol. 42, p. 741.

Olander, D. R., 1960, Am. Inst. Chem. Engrs. Journal, Vol. 6, No. 2, p. 233.

Onda, K., Takeuchi, H., and Okumoto, Y., 1968, Journal ChE, Japan, Vol. 1, No. 1, p. 56.
Ouwerkerk, C., 1978, Hydro. Process., Vol. 57, No. 4, p. 89.

Perry, R. H., and Pigford, R. L., 1953, Ind. Eng. Chem., Vol. 45, p. 1247.

Perry, D., Nutter D. E., and Hale, A., 1990, Chem. Eng. Prog., Vol. 86, No. 1, January, p. 30.

Perry, R. H., and Green, D. W., Eds., 1984, Perry’s Chemical Engineer’s Handbook, 6th ed.,
McGraw Hill, NY.

Robbins, L. A., 1991, Chem. Eng. Prog., Vol. 87, No. 5, May, p. 87.
Rousseau, R. W., and Staton, J. S., 1988, Chem. Eng., Vol. 95, No. 10, July 18, p. 91.
Ruddy, R. N., and Carroll, L. A., 1993, Chem. Eng. Prog., Vol. 89, No. 7, July, p. 28.

Sardar, H., Sivasubramanian, M. S., and Weiland, R. H., 1985, “Simulation of Commercial
Amine Treating Units,” Proc. Laurance Reid Gas Conditioning Conference, University of
Oklahoma, March 4-6, Norman, OK.

Savage, D. W., Astarita, G., and Joshi, S., 1980, Chem. Eng. Sci., Vol. 35, p. 1513.

Seader, J. D., 1989, Chem. Eng. Prog., Vol. 85, No. 10, October, p. 41.

Shah, G. C., 1991, Chem. Eng. Prog., Vol. 87, No. 11, November, p. 49.

Sherwood, T. K., and Pigford, R. L., 1952, Absorption and Extraction, 2nd ed. NY,
McGraw-Hill Book Company, Inc.

Sherwood, T. K., Pigford, R. L., and Wilke, L. G., 1975, Mass Transfer, NY, McGraw-Hill
Book Company, Inc.

Sherwood, T. K., Shipley, G. H., and Holloway, F. A. L., 1938, Ind. Eng. Chem., Vol. 30,
p- 765.

Smith, V. C., and Delnicki, W. V., 1975, Chem. Eng. Prog., Vol. 71, No. 8, August,
pp. 68-73.

Souders, M., and Brown, G. G., 1934, Ind. Eng. Chem., Vol. 26, p. 98.

Souders, M., and Brown, G. G., 1932, Ind. Eng. Chem., Vol. 24, p. 19.

Spiegel, L., and Meier, W., 1987, Int. Chem. Eng. Symposium Series, Vol. 104, p. A203.

Stoley, A. W., and Martin, G. R., 1995, “Subdue Solids in Towers,” Chem. Eng. Prog., Vol.
91, No. 1, January, p. 64.

Strigle, R. F., Jr., 1994, Packed Tower Design and Applications, Gulf Publishing Co., Hous-
ton, TX.

Strigle, R. F., Jr., 1987, Random Packings and Packed Towers, Gulf Publishing Co., Hous-
ton, TX.

Sujata, A. D., 1961, Hydro. Process., Vol. 40, No. 12, December, p. 137.

Tennyson, R. H., and Schaaf, R.P., 1977, Oil & Gas J., Jan. 11, p. 78.

Tomcej, R. A., and Otto, F. D., 1986, “Improved Design of Amine Treating Units by Simu-
lation using Personal Computers,” presented at the World Congress IIT of Chemical Engi-
neering, Sept. 21-25, Tokyo, Japan.

Tomcej, R. A., Otto, F. D., Rangwala, H. A., and Merrell, B. R., 1987, “Tray Design for
Selective Absorption,” Proc. Laurence Reid Gas Conditioning Conf., University of Okla-
homa, Norman, OK.



Introduction 39

Treybal, R. E., 1980, Mass Transfer Operations, 3rd ed., McGraw-Hill, New York, NY.
Van Krevelen, D. W., and Hoftijzer, P. J., 1948, Chem. Eng. Prog., Vol. 44, p. 529.
Van Winkle, M., 1969, Distillation, McGraw-Hill, New York, NY.

Vickery, D. J., Adams, J. T., and Wright, R. D., 1992, “The Effect of Tower Parameters on
Amine Based Gas Sweetening Plants,” Proc. 42nd Annual Laurance Reid Gas Condition-
ing Conference, March 2-4, University of Oklahoma, Norman, OK.

Vivian, J. E., and King, C. J., 1963, Modern Chemical Engineering, Vol. 1., Edited by A.
Acrivo, NY: Reinhold Publishing Corp.

von Stockar, U., and Wilke, C. R., 1977, Ind. Eng. Chem. Fundam., Vol. 16, No. 1, p. 44

Walker, W. H., Lewis, W. K., McAdams, W. H., and Gilliland, E. R., 1937, Principles of
Chemical Engineering, 3rd ed., NY: McGraw-Hill Book Company, Inc.

Weiland, R. H., Rawal, M., and Rice, R. G., 1982, Am. Inst. Chem. Engrs. J., Vol. 28, No. 6,
p. 963.

White, G. E., 1940, Trans. Inst. Chem. Engrs., Vol. 36, p. 359.

Whitman, W. G., 1923, Chem. & Met. Eng., Vol. 29, p. 147.

Wilke, C. R., and von Stockar, U., 1978, “Absorption” in Encyclopedia of Chemical Tech-
nology, Vol. 1, 3rd edition, Kirk-Othmer, Eds., Wiley, NY.

Yanagi, T., and Sakata, M., 1981, 90th National AIChE Meeting, Symp. 44, Houston, TX,
April.

Zenz, F. A., 1979, “Design of Gas Absorption Towers,” Sect. 3.2 in Handbook of Separation
Techniques for Chemical Engineers, P.A. Schweitzer, Ed., McGraw-Hill, NY.

Zuiderweg, F. J., 1982, Chem. Eng. Sci., Review Article No. 9, Vol. 37, No. 10, p. 1441.



Chapter 2

Alkanolamines for
Hydrogen Sulfide and
Carhon Dioxide Removal

BACKGROUND, 41
BASIC CHEMISTRY, 42

SELECTION OF PROGESS SOLUTION, 48

Monoethanolamine, 49
Monoethanolamine-Glycol Mixtures, 50
Diethanolamine, 50

Diglycolamine, 51

Diisopropanolamine, 53
Methyldiethanolamine, 53

Mixed Amines, 54

Sterically Hindered Amines, 56

Amine Concentration, 56

FLOW SYSTEMS, 57

Basic Flow Scheme, 57

Water Wash for Amine Recovery, 58
Split-Stream Cycles, 59

Cocurrent Absorption, 60

DESIGN DATA, 62

Acid Gas-Amine Solution Equilibria, 62
Amine Solution Vapor Pressures, 91
Heats of Reaction, 91

Physical Properties, 98



Alkanolamines for Hydrogen Sulfide and Carbon Dioxide Removal 4

PROCESS DESIGN, 103

Design Approach, 103

Computer Programs, 110

Tray Versus Packed Columns, 111

Column Diameter, 112

Column Height, 113

Absorber Thermal Effects, 120

Stripping System Performance, 123

Simplified Design Procedure, 133

Commercial Plant Operating Data, 144

Organic Sulfur Removal by Amine Solutions, 151

AMINE TREATMENT OF LIQUID HYDROCARBONS, 156

Process Description, 156

Design Data, 157

LPG Treater Operating Conditions, 165

Amine Solution Flow Rates and Composition, 165
Absorber Designs, 166

Auxiliary Systems, 171

Removal of COS from LPG by Amines, 173

REFERENCES, 174

BACKGROUND

Credit for the development of alkanolamines as absorbents for acidic gases goes to R. R.
Bottoms (1930), who was granted a patent covering this application in 1930. Tri-
ethanolamine (TEA), which was the first alkanolamine to become commercially available,
was used in the early gas-treating plants. As other members of the alkanolamine family were
introduced into the market. they were also evaluated as possible acid-gas absorbents. As a
result, sufficient data are now available on several of the alkanolamines to enable design
engineers to choose the most suitable compound for each particular requirement.

The amines that have proved to be of principal commercial interest for gas purification are
monoethanolamine (MEA), diethanolamine (DEA), and methyldiethanolamine (MDEA). Tri-
ethanolamine has been displaced largely because of its low capacity (resulting from higher
equivalent weight), its low reactivity (as a tertiary amine), and its relatively poor stability.
Diisopropanolamine (DIPA) (Bally, 1961; Klein, 1970) is being used to some extent in the
Adip process and in the Sulfinol process (see Chapter 14), as well as in the SCOT process for
Claus plant tail gas purification (see Chapter 8). However, methyldiethanolamine (MDEA) is
gradually displacing DIPA in these applications. Although MDEA was described by Kohl and
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coworkers at Fluor Daniel (Frazier and Kohl, 1950; Kohl, 1951; Miller and Kohl, 1953) as a
selective absorbent for H,S in the presence of CO; as early as 1950, its use in industrial
processes has only become important in recent years. A somewhat different type of alka-
nolamine, 2-(2-aminoethoxy) ethanol, commercially known as Diglycolamine (DGA), was
first proposed by Blohm and Riesenfeld (1955). This compound couples the stability and
reactivity of monoethanolamine with the low vapor pressure and hygroscopicity of diethylene
glycol and, therefore, can be used in more concentrated solutions than monoethanolamine.

In addition to simple aqueous solutions of the previously mentioned alkanolamines, propri-
etary formulations comprising mixtures of the amines with various additives are widely used.
Formulated solvents are offered by: Dow Chemical Company (GAS/SPEC), UOP (and/or
Union Carbide Corp.) (Amine Guard and UCARSOL), Huntsman Corporation (formerly Tex-
aco Chemical Company) (TEXTREAT), and BASF Aktiengesellschaft (Activated MDEA).
Some of Dow’s GAS/SPEC and UOP’s Amine Guard formulations are basically corrosion
inhibited MEA and DEA solutions. However, the most significant development in formulated
solvents is the advent of tailored amine mixtures. These are usually based on MDEA, but con-
tain other amines as well as corrosion inhibitors, foam depressants, buffers, and promoters
blended for specific applications. They can be designed to provide selective H,S removal,
partial or complete CO, removal, high acid gas loading, COS removal, and other special fea-
tures (Manning and Thompson, 1991; Pearce and Wolcott, 1986; Thomas, 1988; Meissner
and Wagner, 1983; Meissner, 1983; Niswander et al., 1992).

A different class of acid gas absorbents, the sterically hindered amines, has recently been
disclosed by EXXON Research and Engineering Company (Anon., 1981; Goldstein, 1983;
Sartori and Savage, 1983). These absorbents. some of which are not alkanolamines, use
steric hinderance to control the CO,/amine reaction. Several different solutions are offered
under the general name of Flexsorb solvents.

Typical ethanolamine gas-treating plants are shown in Figures 2-1, 2-2a, 2-2h, and 2-3.
Figure 2-1 is a photograph of a unit treating natural gas at high pressure to pipeline specifi-
cations using an aqueous diethanolamine solution (S.N.P.A.-DEA process). Figures 2-2a
and 2-2b depict a large gas treating complex (4 X 540 MMscfd Improved Econamine gas
treating trains) located in Saudi Arabia which uses Diglycolamine as the solvent. Figure 2-3
depicts another natural gas-treating plant using Diglycolamine.

BASIC CHEMISTRY

Structural formulas for the alkanolamines previously mentioned are presented in Figure
2-4. Each has at least one hydroxyl group and one amino group. In general, it can be consid-
ered that the hydroxyl group serves to reduce the vapor pressure and increase the water solu-
bility. while the amino group provides the necessary alkalinity in water solutions to cause the
absorption of acidic gases.

Amines which have two hydrogen atoms directly attached to a nitrogen atom, such as
monoethanolamine (MEA) and 2-(2-aminoethoxy) ethanol (DGA), are called primary
amines and are generally the most alkaline. Diethanolamine (DEA) and Diisopropanolamine
(DIPA) have one hydrogen atom directly attached to the nitrogen atom and are called sec-
ondary amines. Triethanolamine (TEA) and Methyldiethanolamine (MDEA) represent com-
pletely substituted ammonia molecules with no hydrogen atoms attached to the nitrogen, and
are called tertiary amines.

The principal reactions occurring when solutions of a primary amine, such as
monoethanolamine, are used to absorb CO, and H,S may be represented as



Alkanolamines for Hyvdrogen Sulfide and Carbon Dioxide Removat 43

Figure 2-1. High-pressure natural gas-treating plant using diethanolamine solution
(S.N.P.A.-DEA process). Courtesy of The Parsons Corp.

lonization of water:

H,O=H"+ OH" 2-D
lonization of dissolved H,S:

H,S =H* + HS™ (2-2)
Hydrolysis and ionization of dissolved CO,:

CO, + H,0 =HCO; + H* (2-3)
Protonation of alkanolamine:

RNH, + H* = RNH;* (2-4)
Carbamate formation:

RNH, + CO, = RNHCOO™ + H* (2-5)

(text continued on page 46)



Figure 2-2a. Shedgum, Saudi Arabia, gas treating complex. 4 x 540 MMscfd Improved
Econamine trains using DGA on right, four Claus plants with incinerator stacks on left.
For each Improved Econamine train, contactor is on right, regenerator on left. From
left, air cooler sequence is regenerator condenser, lean DGA cooler No. 1, lean DGA
cooler No. 2, and contactor side cooler. Courtesy Fluor Daniel

Figure 2-2b. Individual 540 MMscfd Improved Econamine gas treating train at
Shedgum, Saudi Arabia. Contactor on right, regenerator with four vertical
thermosyphon reboilers on left. Courtesy Fiuor Daniel
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Figure 2-3. High-pressure gas-treating plant using Diglycolamine solution (Fluor
Econamine process). Courtesy of Fluor Daniel

HO HO
N N
H CC CC
[ AN N
HO—C—C—N N—H N—CC—OH
I AN |1/ N
H CC CcC
an an
HO HO
Monoethanolamine Diethanolamine Triethanolamine
S RN Lo L]
v NH N—CH; HO—C—C—0—C—C—N
b % T T TN
Ll CcC H
~¢¢ — o el
Diisopropanolamine Methyldiethanolamine 2 (2- aminoethoxy) ethanol

Figure 2-4. Structural formulas for alkanolamines used in gas treating.
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(text consinued from page 43)

Reactions 2-1, 2-3, 2-4, and 2-5 account for the principal species present in aqueous alka-
nolamine treating solutions. These species are the unionized molecules H,O, H,S, CO,, and
RNH; and the ions H*, OH-, HS™, HCO;~, RNH;*, and RNHCOO™. Alternative reaction
paths can, of course, be postulated which relate to the same species.

Additional reactions may occur to produce species other than those listed, but these are
not considered important in the basic absorption/desorption operation. Examples of such
minor reactions are the dissociation of bisulfide to produce sulfide ions, the dissociation of
bicarbonate to produce carbonate ions, and the reaction of carbon dioxide with some amines
to produce nonregenerable compounds. Additional details with regard to chemical reactions
involved in the absorption of H,S and CO, are given in a subsequent section of this chapter
entitled “Acid Gas—Amine Solution Equilibrium Correlations.”

Although reactions 2-1 through 2-5 relate specifically to primary amines, such as MEA,
they can also be applied to secondary amines, such as DEA, by suitably modifying the amine
formula. Tertiary amine solutions undergo reactions 2-1 through 2-4, but cannot react direct-
ly with CO; to form carbamates by reaction 2-5.

The equilibrium concentrations of molecular H,S and CO, in solution are proportional to
their partial pressures in the gas phase (i.e., Henry’s law applies) so reactions 2-2, 2-3, and 2-
5 are driven to the right by increased acid gas partial pressure. The reaction equilibria are
also sensitive to temperature, causing the vapor pressures of absorbed acid gases to increase
rapidly as the temperature is increased. As a result it is possible to strip absorbed gases from
amine solutions by the application of heat.

If the reaction of equation 2-5 is predominant, as it is with primary amines, the carbamate
ion ties up an akanolammonium ion via equation 2-4 and the capacity of the solution for CO,
is limited to approximately 0.5 mole of CO, per mole of amine, even at relatively high par-
tial pressures of CO, in the gas to be treated. The reason for this limitation is the high stabili-
ty of the carbamate and its low rate of hydrolysis to bicarbonate. With tertiary amines, which
are unable to form carbamates, a ratio of one mole of CO, per mole of amine can theoretical-
ly be achieved. However, the CO, reactions which do not produce carbamate involve reac-
tion 2-3, which is very slow. In recently offered processes this problem is overcome (for
MDEA) by the addition of an activator, typically another amine, which increases the rate of
hydration of dissolved CO, (see following section).

The effectiveness of any amine for absorption of both acid gases is due primarily to its
alkalinity. The magnitude of this factor is illustrated in Figure 2-5, which shows pH values
on titration curves for approximately 2N solutions of several amines when they are neutral-
ized with CO,. The curves were obtained by bubbling pure CO, through the various solu-
tions and periodically determining the concentration of the solution and pH. The curve for an
equivalent KOH solution is included for comparison. The relatively smooth curves for the
amines, as compared to the sharp breaks in the KOH curve, may be interpreted as an indica-
tion of the presence of non-ionized species during neutralization of the former compounds.

The curves for the tertiary amines, MDEA and TEA, are seen to cross the DEA and MEA
curves at a mole ratio near 0.5 indicating that the tertiary amines, while initially less alkaline,
may be expected to attain higher ultimate CO,/amine ratios. Figure 2-6 shows a comparison
of pH values versus temperature curves of 20% solutions of monoethanolamine and
diethanolamine (Dow, 1962). The decreasing pH with increasing temperature is a factor in
the thermal regeneration process.

In view of the difference in the rates of reaction of H,S and CO, with tertiary amines, par-
tially selective H>S absorption would be expected with these compounds. The kinetics of
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Figure 2-6. pH values of aqueous mono- and diethanolamine solutions (technical grade).

H,S and CO, absorption into aqueous solutions of MDEA has been studied by a number of
investigators (Savage et al., 1981; Ouwerkerk, 1978; Blanc and Elgue, 1981). Savage et al.
(1981) found that although the rate of H,S absorption could be thermodynamically predicted,
the rate of CO, absorption, measured experimentally, appreciably exceeded that predicted on
the basis of thermodynamic considerations, and they concluded that MDEA apparently acts
as a base catalyst for hydration of CQO,. More recently, investigators have found that the rate
of CO, absorption in MDEA can be significantly increased by the addition of relatively low
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concentrations of primary or secondary amines (Polasek et al., 1990; Campbell and Weiland,
1989; Katti and Wolcott, 1987; Vickery et al., 1988).

The chemistry of acid gas reactions with sterically hindered amines is discussed in some
detail by Sartori and Savage (1983) and by Weinberg et al. (1983). A sterically hindered
amine is defined structurally as a primary amine in which the amino group is attached to a
tertiary carbon atom or a secondary amine in which the amino group is attached to a sec-
ondary or tertiary carbon atom. Typical sterically hindered amines are shown in Figure 2-7
(Sartori and Savage, 1983).

The key to the concept of CO, absorption by such amines is that, by control of the molec-
ular structure, amines can be synthesized which form either a stable carbamate ion, an unsta-
ble carbamate ion, or no carbamate ion. For example, by an appropriate molecular configura-
tion an unstable carbamate would be formed with CO, which is readily hydrolyzable,
resulting in the formation of bicarbonate as the end product. This would result in a theoreti-
cal ratio of one mole of CO, per mole of amine. For selective H,S absorption, a molecular
structure would be selected which suppresses carbamate formation and, consequently, the
rate of CO, absorption, without affecting the rate of H,S absorption. It is claimed that better
selectivity can be obtained with sterically hindered amines than with the presently used ter-
tiary or secondary alkanolamines (Weinburg et al., 1983).

A hindered amine prepared from tertiary butylamine and diethylene glycol (N-tertiary
butyl diethylene glycolamine or TBGA) has been found to have advantages over MDEA
with regard to selectivity, acid gas loading, and product gas purity. However, the material is
still too expensive for general commercial use (Cai and Chang, 1992).

SELECTION OF PROCESS SOLUTION

The choice of the process solution is determined by the pressure and temperature conditions
at which the gas to be treated is available, its composition with respect to major and minor con-
stituents, and the purity requirements of the treated gas. In addition, consideration must, of
course, be given to whether simultaneous H,S and CO, removal or selective H,S absorption is
desired. Although no ideal solution is available to give optimum operating conditions for each

(I:H:
HO-CHz—(I:—N'H; 2-amino-2 methyi-1-propanol (AMP)
CH,
CH,
/ NH,
CH;—(I:—CH; 1,8-p-menthanediamine (MDA)
NH;

Q CH,»CHa\on  2-piperidine cthanol (PE)

|
H

Figure 2-7. Examples of sterically hindered amines. (Sartori and Savage, 1983)
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case, sufficient data and operating experience with several alkanolamines are on hand to permit
a judicious selection of the treating solution for a wide range of conditions. In many cases,
process requirernents can be met by a number of different amines (or other processes) and an
economic analysis is required. A comparison of alkanolamines used for gas purification, based
on selected physical properties and approximate cost, is shown in Table 2-1.

Monoethanolamine

Aqueous monoethanolamine solutions, which were used almost exclusively for many
years for the removal of H,S and CO, from natural and certain synthesis gases, are rapidly
being replaced by other more efficient systems, particularly for the treatment of high-pres-
sure natural gases. However. monoethanolamine is still the preferred solvent for gas streams
containing relatively low concentrations of H,S and CO; and essentially no minor contami-
nants such as COS and CS,. This is especially true when the gas is to be weated at low pres-
sures, and maximurm removal of H,S and CO, is required. The low molecular weight of
monoethanolamine, resulting in high solution capacity at moderate concentrations (on a
weight basis), its high alkalinity, and the relative ease with which it can be reclaimed from
contamipated solutions (see Chapter 3) are advantages, which in many cases more than
counterbalance inherent disadvantages. Among the latter, the most serious one is the forma-

Table 2-1
Physical Properties of Alkanolamines

Property MEA* DEA* TEA* MDEA* DIPA* DGA**
Mol. weight 61.09 105.14 149.19 119.17 133.19 105.14
Specific gravity, 1.0179 1.0919 1.1258 1.0418 0.9890 1.0550

20/20°C — (30/20°C) — — (45/20°C) —
Boiling point, °C

760 mmHg 171 decomp. 360 247.2 248.7 221

50 mmHg 100 187 244 164 167 —

10 mmHg 69 150 208 128 133 —
Vapor pressure,

mmHg at 20°C 0.36 0.01 0.01 0.01 0.01 0.01
Freezing point, °C 10.5 28.0 212 -21.0 42 -9.5
Solubility in water,

% by weight at 20°C  Complete 96.4 Complete  Complete 87 Complete
Absolute viscosity,

cps at 20°C 24.1 380(30°C) 1,013 101 198(45°C) 26(24°C)
Heat of vaporization,

Bu/lb at 1 atm 355 288(23 mm) 230 223 184.5 219.1

(168.5¢C)

Approximate cost,

$/1b*** 0.59 0.60 0.61 1.40 — 0.93
Notes:

*Data of Union Carbide Chemicals Company (1957) except for pricing.

**Data of Jefferson Chemical Company, Inc. (1969) except for pricing.

***Kenney (1993). Prices are for bulk sales. Add 50.10 per pound for drum sales.
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tion of irreversible reaction products with COS and CS,, resulting in excessive chemical
losses if the gas contains significant amounts of these compounds. Furthermore,
monoethanolamine solutions are appreciably more corrosive than solutions of most other
amines, particularly if the amine concentrations exceed 20% and the solutions are highly
loaded with acid gas. This feature limits the capacity of monoethanolamine solutions in cases
where high partial pressures of the acid gases would permit substantially higher loadings.
However, several systems, using effective corrosion inhibitors, reportedly overcome these
limitations. Such systems include Dow Chemical Company’s GAS/SPEC FT-1 technology,
which is suitable for CO, removal in ammonia and hydrogen plants, as well as from sweet
natural gas streams (Dow, 1983), and UOP’s Amine Guard Systems (Butwell et al., 1973,
1979; Kubek and Butwell, 1979). In general, corrosion inhibitors are effective in CO,
removal systems, permitting MEA concentrations as high as 30% to be used. However, they
have not proven to be reliable in preventing corrosion with CO,/H,S mixtures.

Another disadvantage of MEA is its high heat of reaction with CO, and H,S (about 30%
higher than DEA for both acid gases). This leads to higher energy requirements for stripping
in MEA systems. Finally, the relatively high vapor pressure of monoethanolamine causes
significant vaporization losses. particularly in low-pressure operations. However, this diffi-
culty can be overcome by a simple water wash treatment of the purified gas.

Monoethanolamine-Glycol Mixtures

Mixtures of monoethanolamine with di- or triethylene glycol, as first described by Hutchin-
son (1939), were once used extensively for simultaneous acid-gas removal and dehydration of
natura] gases. This process, commonly known as the glycol-amine process, has as its principal
advantages the features of simultaneous purification and dehydration and somewhat lower
steam consumption when compared to aqueous systems. Furthermore, glycol-amine solutions
can be stripped almost completely of H,S and CO,, resulting in the capability of producing
extremely high purity treated gas. However, the glycol-amine process has a number of draw-
backs which have seriously limited its usefulness. Probably the most important of these is the
fact that, in order to be effective as a dehydrating agent, the water content of the solution has
to be kept at or below 5%, requiring relatively high reboiler temperatures. At these tempera-
tures rather severe corrosion occurs in the amine to amine heat exchangers, the stripping col-
umn, and, under certain operating conditions, the reboiler. The only practical solution to the
corrosion problem is the utilization of corrosion-resistant ferrous alloys or nonferrous metals.
Another undesirable feature of the glycol-amine process is a high vaporization loss of the
amine. Furthermore, because of the very low vapor pressure of the glycol, a contaminated gly-
col-amine solution cannot be reclaimed by simple distillation as is possible with the aqueous
system. Finally, hydrocarbons, especially aromatics, are substantially more soluble in glycol-
amine than in aqueous amine solutions. This feature is of major importance if the acid gas is
to be further processed in a Claus type sulfur plant, as the presence of high molecular weight
hydrocarbons usually leads to rapid catalyst deactivation and production of discolored sulfur.
As a result of these limitations and problem areas, the glycol-amine process is no longer con-
sidered competitive. Details of this process are discussed in earlier editions of this text.

Diethanolamine

Aqueous solutions of diethanolamine (DEA) have been used for many years for the treat-
ment of refinery gases which normally contain appreciable amounts of COS and CS,, besides
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H,S and CO,. As discussed in Chapter 3, secondary amines are much less reactive with COS
and CS, than primary amines, and the reaction products are not particularly corrosive. Conse-
quently, diethanolamine and other secondary amines are the better choice for treating gas
streams containing COS and CS,. The low vapor pressure of diethanolamine makes it suitable
for low-pressure operations as vaporization losses are quite negligible. One disadvantage of
diethanolamine solutions is that the reclaiming of contaminated solutions may require vacuum
distillation. Another disadvantage of DEA is that DEA undergoes numerous irreversible reac-
tions with CO,, forming corrosive degradation products, and for that reason, DEA may not be
the optimum choice for treating gases with a high CO, content (see Chapter 3).

Application of diethanolamine solutions to the treatment of natural gas was first disclosed by
Bertheir (1959) and later described in more detail by Wendt and Dailey (1967), Bailleul
(1969), and Daily (1970). This process, which is commonly known as the S.N.P.A.-DEA
process, was developed by Societe Nationale des Petroles d’ Aquitaine (S.N.P.A.)! of France in
the gas field at Lacq in southern France. S.N.P.A. recognized that relatively concentrated aque-
ous diethanolamine solutions (25 to 30% by weight) can absorb acid gases up to stoichiometric
molar ratios as high as 0.70 to 1.0 mole of acid gas per mole of DEA, provided that the partial
pressure of the acid gases in the feed gas to the plant is sufficiently high. If the regenerated
solution is well enough stripped when returned to the absorber and the operating pressure is
high, purified gas satisfying pipeline specifications can be produced. The presence of impuri-
ties such as COS and C8S; is not injurious to the solution. Under normal operating conditions,
DEA decomposition products are removed quite easily by filtration through activated carbon.
In general, diethanolamine solutions are less corrosive than monoethanolamine solutions unless
corrosive decomposition products from side reactions build up in the solution (see Chapter 3).

As a result of S.N.P.A."s experience in Lacq, the S.N.P.A.-DEA process has been widely
used for the treatment of high-pressure natural gases with high concentrations of acidic com-
ponents, especially if COS and CS, are also present in appreciable amounts. Beddome
(1969) reported that in 1969 the S.N.P.A.-DEA process predominated for the recovery of
sulfur from natural gas in Alberta, Canada. Comparative operating data for mono- and
diethanolamine systems, as reported by Beddome (1969), for typical Canadian gas-treating
plants are shown in Table 2-2. Although not stated in the article, it is assumed that all plants
were operating at a pressure of about 1.000 psig, which is typical for Canadian operation.

Diglycolamine

The use of aqueous solution of Diglycolamine, 2-(2-aminoethoxy) ethanol, was commer-
cialized jointly by the Fluor Corporation (now Fluor Daniel). the El Paso Natural Gas Com-
pany, and the Jefferson Chemical Company Inc. (now the Huntsman Corporation) (Holder.
1966; Dingman and Moore, 1968). The process employing this solvent has been named the
Fluor Econamine process. The solvent is in many respects similar to monoethanolamine,
except that its low vapor pressure permits its use in relatively high concentrations. typically
40 to 60%. resulting in appreciably lower circulation rates and steam consumption when
compared to typical monoethanolamine solutions. A comparison of operating data for gly-
col-monoethanolamine and Diglycolamine solutions in a commercial installation, which
treats natural gas containing 2 to 5% total acid gas at a pressure of 850 psig is shown in
Table 2-3, Holder (1966).

'Now Societe Nationale EIf Aquitaine (Production) (SNEAP).
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Table 2-2
Gomparative Operating Data for MEA and DEA Systems

Gas Plant A B B C D
Feed gas composition

Mole % H,S 2.1 7.1 7.1 2.4 16.5

Mole % CO, 0.7 59 5.9 49 8.0
Solvent

(% active reagent in

water solution) 18% 15% 24% 22.5% 27.5%

MEA MEA SNPA-DEA DEA SNPA-DEA

Solvent circulation
Moles amine per mole

acid gas 18 235 1.3 13 10
Gallons solvent per

mole acid gas 74 123 68 84 44
Reboiler steam

1b steam/gal solvent 1.0 1.2 1.5 1.2 1.0

Ib steam/mole acid gas 74 148 72 101 44

Source: Beddome (1969)

Table 2-3
Comparison of Typical Operating Data of MEA-DEG and DGA Systems

MEA-DEG DGA
Gas volume, MMscfd 121.2 1213
Solution rate, gpm 714 556
Reboiler steam, Ib/hr 50,700 40,100
Solution loading, scf acid gas/gal 4.0 55
H,S in treated gas, grain/100 scf 0.25 0.25
CO, in treated gas, Mol% 0.01 0.01

Source: Holder (1966)

DGA has proven to be very effective for purifying large volumes of low pressure
(~100-200 psig) associated gas in Saudi Arabia. DGA is particularly useful for such applica-
tions because it can operate at high ambient temperatures and can produce sweet gas (< grain
H,8/100 scf) at moderate pressures. Information on commercial applications of the Fluor
Econamine process has been presented by Dingman (1977), Mason and Griffith (1969), Huval
and van de Venne (1981), Bucklin (1982), and Weber and McClure (1981). Comparison of
the process with systems using MEA solutions indicates some capital and operating cost sav-
ings, as well as improved operation at relatively low pressures (Huval and van de Venne,
1981). An additional advantage is partial removal of COS by the DGA solution. Furthermore,
steam distillation can be used to recover a substantial portion of DGA from the degradation
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products resulting from reactions of DGA with CO, and COS (see Chapter 3). In 1996, Digly-
colamine solutions were being used in more than 100 plants (Kenney, 1996).

Diisopropanolamine

Diisopropanolamine (DIPA) has been used in the ADIP and Sulfinol processes, both
licensed by the Shell International Petroleum Company (SIPM). In the Sulfinol process, diiso-
propanolamine is used in conjunction with a physical organic solvent, and a more detailed dis-
cussion of this process is given in Chapter 14. The ADIP process, which employs relatively
concentrated aqueous solutions of diisopropanolamine, has been described by Bally (1961)
and by Klein (1970). It has been widely accepted, primarily in Europe, for the treatment of
refinery gases and liquids which, besides H,S and CO,, also contain COS. It is claimed that
substantial amounts of COS are removed without detrimental effects to the solution. Further-
more, diisopropanolamine solutions are reported to have low regeneration steam requirements
and to be noncorrosive (Klein, 1970). SIPM has applied the ADIP process to the selective
absorption of H,S from refinery gas streams (Abe and Peterzan, 1980) and, as part of the
SCOT process, to selective absorption of H,S from Claus plant tail gas (see Chapter 8). How-
ever, SIPM is gradually replacing DIPA with MDEA in both of these applications. A theoreti-
cal study of the absorption kinetics involved in the selective absorption of H,S in DIPA has
been presented by Ouwerkerk (1978). Equations for mass transfer with chemical reaction are
utilized in the study to develop a computer program which takes into account the competition
between H,S and CO, when absorbed simultaneously.

Methyldiethanolamine

Selective absorption of hydrogen sulfide in the presence of carbon dioxide, especially in
cases where the ratio of carbon dioxide to hydrogen sulfide is very high, has recently become
the subject of considerable interest, particularly in the purification of non-hydrocarbon gases
such as the products from coal gasification processes and Claus plant tail gas. The early
work at the Fluor Corp. (now Fluor Daniel) showed that tertiary amines, especially
methyldiethanolamine, can absorb hydrogen sulfide reasonably selectively under proper
operating conditions involving short contact times (Frazier and Kohl, 1950; Kohl, 1951;
Miller and Kohl, 1953). A study by Vidaurri and Kahre (1977), in which selective absorption
with several ethanolamines was investigated in a pilot and commercial plant, demonstrated
that purified gas containing as little as 5 parts per million of hydrogen sulfide could be
obtained with absorption of only about 30% of the carbon dioxide contained in the feed gas.
The most selective solvent was methyldiethanolamine, although other amines also showed
some selectivity.

Additional information on selective H,S absorption with MDEA or MDEA-based solu-
tions is presented by Pearce (1978), Crow and Baumann (1974), Goar (1980), Blanc and
Elgue (1981). Sigmund et al. (1981). Dibble (1983), Robinson et al. (1988), and Katti and
Langfitt (1986A, 1986B). The papers by Sigmund et al. and Dibble describe Union Carbide
Corporation’s proprietary process using MDEA-based solutions under the trade name of
UCARSOL HS Solvents. These solvents are claimed to be more selective than conventional
MDEA and DIPA solutions and, consequently, more economical with respect to energy con-
sumption. A comparison of UCARSOL with DIPA for recovering H,S from Claus plant tail
gas (after hydrogenation) is shown in Table 2-4. The paper by Robinson et al. provides data
on a gas treating plant that was converted from DEA to GAS/SPEC CS-3 Solvent—an
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Table 2-4
UCARSOL HS 101 Solvent vs. DIPA in Glaus Tail Gas Gleanup Unit

27% 50%

DIPA UCARSOL HS
Circulation Rate, gpm 76 28
CO, Slippage, % 84 95
H.S Content in Recycle Stream to Claus Unit, % 35 66
Reboiler Steam Consumption, Mlbs/Hr 4,469 2,284
Steam Cost @ $5.50/Mlbs, $/Year 212,400 108,500
Savings with UCARSOL HS, $/Year — 103,900

Source: Dibble (1983)

MDEA-based selective solvent formulation offered by Dow Chemical, USA. The papers by
Katti and Langfitt also relate to the Dow GAS/SPEC selective solvents and report on the
development and use of an absorber simulator to predict plant performance.

The data from many studies indicate that. with proper design, selective solvents can yield
H,S concentrations as low as 4 ppmv in the treated gas while permitting a major fraction of
the COa to pass through unabsorbed. Because of its low vapor pressure, MDEA can be used
in concentrations up to 60 wt% in aqueous solutions without appreciable evaporation losses.
Furthermore, MDEA is highly resistant to thermal and chemical degradation, is essentially
noncorrosive (see Chapter 3). has low specific heat and heats of reaction with H,S and CO,
and, finally, is only sparingly miscible with hydrocarbons.

Mixed Amines

MDEA is also rapidly increasing in importance as a nonselective solvent for the removal
of high concentrations of acid gas, particularly CO,, because of its low energy requirements,
high capacity, excellent stability, and other favorable attributes. Its principal disadvantage is
a low rate of reaction with (and therefore absorption of) CO,. The addition of primary or sec-
ondary amines, such as MEA and DEA, has been found to increase the rate of CO, absorp-
tion significantly without diminishing MDEA’s many advantages (Polasek et al., 1990;
Campbell and Weiland, 1989: Katti and Wolcott, 1987). The kinetics of CO; absorption into
mixtures of MDEA and DEA has been studied by Mshewa and Rochelle (1994). They mea-
sured the rates of absorption and desorption of CO, in a 50 wt% solution of MDEA over a
wide range of temperatures and partial pressures. The results were used with literature values
of DEA reactions to develop a model for CO, absorption in DEA and mixtures of DEA and
MDEA. The model predicts that the overall gas phase coefficient for CO, absorption in a
solution containing 40% MDEA and 10% DEA is 1.7 to 3.4 times greater than that for CO,
absorption in a 50% MDEA solution under typical absorption column conditions. A com-
mercial process using this phenomenon was disclosed by BASF Aktiengesellschaft and
described by Meissner (1983) and by Meissner and Wagner (1983). Mixed amine processes
containing MDEA are now offered by several licensors.

The BASF Activated MDEA process employs a 2.5 to 4.5 M MDEA solution containing
0.1 to 0.4 M monomethylmonoethanolamine or up to 0.8 M piperazine as absorption activa-
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tors (Bartholome et al., 1971; Appl et al., 1980). The activators apparently increase the rate
of hydration of CO, in a manner analogous to the activators used in hot potassium carbonate
solutions (see Chapter 5) and thus increase the rate of absorption. The process can be operat-
ed with one or two absorption stages, depending on the required gas purity. In one single-
absorption stage version, which is suitable for bulk CO, removal from high pressure gases,
the rich MDEA solution is regenerated by simple flashing at reduced pressure. In a two-stage
version, when essentially complete CO, removal is required, a small stream of steam-
stripped MDEA solution is used in the second stage.

The comparative capacities of MDEA and MEA for CO, recovery in an absorption/flash
process are illustrated by Figure 2-8 (Meissner and Wagner, 1983). If it is assumed that
equilibrium is attained in both the absorption and stripping steps and that isothermal condi-
tions are maintained, the maximum net capacity is simply the difference between equilibri-
um concentrations at the absorption and stripping partial pressvres. A net CO, pickup of 30
vol/vol (0.297 mole/mole) is indicated for a 4.5 molar MDEA solution by flashing from a
CO, partal pressure of 5 bar (72.5 psia) to one bar (14.5 psia) at 70°C (158°F). By compari-
son, a 4.1 molar MEA solution provides a net pickup of only 5 vol/vol for the same pressure
change at a somewhat lower temperature of 60°C (140°F). This promoted MDEA process is
particularly useful when COa is present at high partial pressures, as either no steam or only a
small amount of steam is required for regeneration.

Anocther useful feature of the MDEA-based, mixed amine systems is that the formulation
can be varied to meet specific site requirements. Vickery et al. (1988) describe how the
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selectivity for H,S over CO; can be adjusted, as required, by blending a primary or sec-
ondary amine with a tertiary amine, such as MDEA, in just the right proportions.

Sterically Hindered Amines

Although sterically hindered amines are not necessarily alkanolamines, their characteris-
tics as gas purification agents are sufficiently similar to those of the alkanolamines to be
included in this chapter. A family of solvents based on hindered amines is licensed by Exxon
Research and Engineering Co. under the broad designation of Flexsorb Solvents. The
processes have been described in some detail by Goldstein (1983), Weinberg et al. (1983),
and Chludzinski and Wiechart (1986). The hindered amines are used as promoters in hot
potassium carbonate systems (Flexsorb HP); as components of organic solvent/amine sys-
terns with characteristics similar to Shell’s Sulfinol process (Flexsorb PS); and as the princi-
pal agent in aqueous solutions for the selective absorption of H,S in the presence of CO,
(Flexsorb SE and SE+). Each system makes use of a different sterically hindered amine with
a specifically designed molecular configuration. On the basis of pilot and commercial plant
experience, substantial savings in capital and operating cost are claimed for this technology.
As of 1994, it was reported that 32 Flexsorb plants were operating or in design (Exxon
Research and Engineering Co., 1994).

Amine Goncentration

The choice of amine concentration may be quite arbitrary and is usually made on the basis
of operating experience. Typical concentrations of monoethanolamine range from 12 wt% to
a maximum of 32 wt%. On the basis of operating experience in five plants, Feagan et al.
(1954) recommended the use of a design concentration of 15 wt% monoethanolamine in
water. The same solution strength was recommended by Connors (1958). Dupart et al.
(1993A, 1993B) recommend a maximum MEA concentration of 20 wt%. However, it should
be noted that higher amine concentrations, up to 32 wt% MEA, may be used when corrosion
inhibitors are added to the solution and when CQ, is the only acid gas component.

Diethanolamine solutions that are used for treatment of refinery gases typically range in
concentration from 20 to 25 wt%, while concentrations of 25 to 30 wt% are commonly used
for natural gas purification. Diglycolamine solutions typically contain 40 to 60 wt% amine in
water, and MDEA solution concentrations may range from 35 to 55 wit%.

It should be noted that increasing the amine concentration will generally reduce the
required solution circulation rate and therefore the plant cost. However, the effect is not as
great as might be expected, the principal reason being that the acid-gas vapor pressure is
higher over more concentrated solutions at equivalent acid-gas/amine mole ratios. In addi-
tion, when an attempt is made to absorb the same quantity of acid gas in a smaller volume of
solution, the heat of reaction results in a greater increase in temperature and a consequently
increased acid-gas vapor pressure over the solution. The effect of increasing the amine con-
centration in a specific operating plant using DGA solution for the removal of about 15%
acid gas from associated gas is shown in Figure 2-9. The authors of this study concluded
that the optimum DGA strength for this case is about 50 wt%. The effect of the increasing
amount of DGA at higher concentrations is almost nullified by the decreasing net acid gas
absorption per mole of DGA (Huval and van de Venne, 1981).
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Figure 2-9. Effect of DGA concentration on maximum plant capacity and net solution
loading in a large commercial plant (Huval and van de Venne, 1987)

FLOW SYSTEMS

Basic Flow Scheme

The basic flow arrangement for all alkanolamine acid-gas absorption-process systems is
shown in Figure 2-10. Gas 1o be purified is passed upward through the absorber, countercur-
rent 1o a stream of the solution. The rich solution from the bottom of the absorber is heated
by heat exchange with lean solution from the bottom of the stripping column and is then fed
to the stripping column at some point near the top.

In units treating sour hydrocarbon gases at high pressure, it is customary to flash the rich
solution in a flash drum maintained at an intermediate pressure to remove dissolved and
entrained hydrocarbons before acid gas stripping (see Chapter 3). When heavy hydrocarbons
condense from the gas stream in the absorber, the flash drum may be used to skim off liquid
hydrocarbons as well as to remove dissolved gases. The flashed gas is ofien used locally as
fuel. A small packed tower with a lean amine wash may be installed on top of the flash drum to
remove H,S from the flashed gas if sweet fuel gas is required (Manning and Thompson, 1991).

Lean solution from the stripper, after partial cooling in the lean-to-rich solution heat
exchanger, is further cooled by heat exchange with water or air, and fed into the top of the
absorber to complete the cycle. Acid gas that is removed from the solution in the stripping
column is cooled to condense a major portion of the water vapor. This condensate is contin-
ually fed back to the system to prevent the amine solution from becoming progressively
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Figure 2-10. Basic flow scheme for alkanolamine acid-gas removal processes.

more concentrated. Generally, all of this water, or a major portion of it, is fed back to the top
of the stripping column at a point above the rich-solution feed and serves to absorb and
return amine vapors carried by the acid gas stream.

Many modifications to the basic flow scheme have been proposed to reduce energy con-
sumption or equipment costs. For example, power recovery turbines are sometimes used on
large, high-pressure plants to capture some of the energy available when the pressure is
reduced on the rich solution. A minor modification aimed at reducing absorber column cost
is the use of several lean amine feed points. In an arrangement described by Polasek et al.
(1990), most of the lean solution is fed near the midpoint of the absorber to remove the bulk
of the acid gas in the lower portion of the unit. Only a small stream of lean solution is need-
ed for final clean-up of the gas in the top portion of the absorber, which can therefore be
smaller in diameter.

A modification that has been used successfully to increase the acid gas loading of the rich
amine (and thereby decrease the required solution flow rate) is the installation of a side cool-
er (or intercooler) to reduce the temperature inside the absorber. The concept has proved par-
ticularly useful for DGA plants operating in Saudi Arabia where air cooling is used (Huval
and van de Venne, 1981). The optimum location for a side cooler is reported to be the point
where half the absorption occurs above and half below the cooler, which results in a location
near the bottom of the column (Thompson and King, 1987).

Water Wash for Amine Recovery

The simplest modification of the flow system in Figure 2-10 is the inclusion of a water
wash at the top of the absorber to reduce losses of amine with the purified gas. If acid gas
condensate from the regenerator reflux drum is used for this purpose, no draw-off tray is
required because it is necessary to readmit this water to the system at some point. It should
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be noted however, that this condensate is saturated with acid gas at regenerator condenser
operating conditions and that this dissolved acid gas will be reintroduced into the gas stream
if the water is used “as is” for washing. If the gas volume is very large, compared to the
amount of wash water, this may be of no consequence. However, if calculations indicate that
the guantity of acid gas so introduced is excessive, a water stripper can be included in the
process. Alternatively, a recirculating water wash with a dedicated water wash pump can be
utilized. This design uses a comparatively small wash water make-up and wash water purge.

A water wash is used primarily in monoethanolamine systems, especially at low absorber
operating pressures, as the relatively high vapor pressure of monoethanolamine may cause
appreciable vaporization losses. The other amines usually have sufficiently low vapor pres-
sures to make water washing unnecessary, except in rare cases when the purified gas is used
in a catalytic process and the catalyst is sensitive even to traces of amine vapors.

The number of trays used for water wash varies from two to five in commercial installa-
tions. Experience has indicated that an efficiency of 40 or 50% can be expected per tray
under typical absorber operating conditions. From this, it would appear that four trays would
be ample to remove over 80% of the vaporized amine from the purified gas and, incidentally,
a major portion of the amine carried as entrained droplets in the gas stream.

It is probable that an even greater tray efficiency is obtained in the water wash section of
the stripping column. However, because of the higher temperature involved, the amine con-
tent of the vapors entering this section may be quite high. Four to six trays are commonly
used for this service.

Split-Stream Cycles

A flow modification which has been proposed for aqueous amine solutions to reduce the
steam requirement is shown in Figure 2-11. The split-stream scheme, in which only a por-
tion of the solution is stripped to a low acid-gas concentration, has been applied to several
gas-purification processes, including the Shell wripotassium phosphate process and the hot
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Figure 2-11. Split-stream flow modification for amine plants.
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potassium carbonate process (see Chapter 5), and was first disclosed by Shoeld (1934). The
rich solution from the bottom of the absorber is split into two streams, one being fed to the
top of the stripping column and one to the midpoint. The top stream flows downward coun-
tercurrent to the stream of vapors rising from the reboiler and is withdrawn at a point which
is above the inlet of the second portion of the rich solution. The liquid withdrawn from the
upper portion of the stripping column is not completely stripped and is recycled back to the
absorber to absorb the bulk of the acid gases in the lower portion of the absorber column.
The portion of solution, which is introduced near the midpoint of the stripping column, flows
through the reboiler and is very thoroughly stripped of absorbed acid gases. This solution is
returned to the top of the absorber where it serves to reduce the acid gas content of the prod-
uct gas to the desired low level. In this system, the quantity of vapors rising through the
stripping column is somewhat less than that in a conventional plant. However, the ratio of
liquid to vapor is lower in both sections because neither carries the total liquid stream.

The obvious drawback of this process modification is that it appreciably increases the ini-
tial cost of the treating plant. The stripping column is taller and somewhat more complex,
and the two streams require separate piping systems with two sets of pumps, heat exchang-
ers, and coolers. Commercial units utilizing a system of this type have been described by
Bellah et al. (1949) and by Estep et al. (1962).

A simplified form of the split-stream cycle consists of dividing the lean solution before
introduction into the absorber into two unequal streams. The larger stream is fed to the middie
of the absorber, while the smaller stream is introduced at the top of the column. In cases
where gases of high acid-gas concentration are treated, this scheme may be more economical
than the basic flow scheme, as the diameter of the top section of the absorber may be appre-
ciably smaller than that of the bottom section. Furthermore, the lean-solution stream fed to the
middle of the absorber may not have to be cooled to as low a temperature as the stream flow-
ing to the top of the column, resulting in reduction of heat exchange surface.

A split flow cycle specifically designed for the removal of CO, from high pressure gas
streams with promoted MDEA solutions is shown in Figure 2-12. This and several other
flow schemes are offered by BASF for use with their activated MDEA process (Gerhardt and
Hefner, 1988; Meissner and Hefner, 1990). In the illustrated configuration, the gas is treated
in a two stage absorber using partially regenerated solution in the bottom stage and com-
pletely regenerated solution in the top stage. Rich solution from the bottom of the absorber
passes through a hydraulic turbine for energy recovery, and is then flashed in the high pres-
sure flash unit where most of the dissolved inert gases are released. The rich solution then
flows to the low pressure flash unit, which operates close to atmospheric pressure. Hot over-
head gas from the thermal stripping column is passed through the solution in the low pres-
sure flash tank to improve the efficiency of CO, removal in this vessel. A significant portion
of the CO, contained in the rich solution is stripped in the low pressure flash unit. Partially
regenerated solution from the low pressure flash step is split into two portions. The larger
portion is fed to the bottom stage of the absorber; while the balance flows to a conventional
reboiled stripping column. Completely regenerated solution from the stripping column is fed
to the top absorption stage, completing the cycle.

Cocurrent Absorption

With cocurrent absorbers, the highest gas purity aftainable is represented by equilibrium
between the product gas and the product (rich) solution. When an irreversible reaction occurs
in the liquid phase, the equilibrium vapor pressure of acid gas over the solution is negligible
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Figure 2-12. Activated MDEA split flow configuration.

and cocurrent contactors can yield high removal efficiencies. With amines, however, the rich
solution usually has a significant acid gas vapor pressure, and a cocurrent contactor cannot
normally be used as the sole absorption device. In some cases, however, a cocurrent contac-
tor can be used in conjunction with a countercurrent unit to provide improved results.

Isom and Rogers (1994) evalvated several possible flow arangements for incorporating
an SMV high efficiency cocurrent contactor into an existing gas treating system to increase
the H,S removal efficiency. They developed a rate-based modeling method to predict the
performance of combination systems that contain both a cocurrent contactor and a counter-
current unit. The existing countercurrent unit treated 10 MMscfd of gas containing 2.0% H,S
and 5.0% CO,, and produced gas containing 1,000 ppm H,S and 2.7% CO, using 66 gpm of
40% MDEA solution. The studies indicated that the optimum configuration would be that
shown in Figure 2-13 with the same 66 gpm of solution fed to the countercurrent absorber
and 74 gpm recycled through the cocurrent unit. With this arrangement the outlet gas com-
position was determined to be 608 ppm H,S and 2.5% CO,.

A ver