
Industrial Chemical
Process Analysis

and Design



Industrial Chemical
Process Analysis

and Design

Mariano Martı́n Martı́n
Assistant Professor

University of Salamanca
Department of Chemical Engineering

AMSTERDAM • BOSTON • HEIDELBERG • LONDON

NEW YORK • OXFORD • PARIS • SAN DIEGO

SAN FRANCISCO • SINGAPORE • SYDNEY • TOKYO



Elsevier

Radarweg 29, PO Box 211, 1000 AE Amsterdam, Netherlands

The Boulevard, Langford Lane, Kidlington, Oxford OX5 1GB, United Kingdom

50 Hampshire Street, 5th Floor, Cambridge, MA 02139, United States

Copyright © 2016 Elsevier Ltd. All rights reserved.

No part of this publication may be reproduced or transmitted in any form or by any means, electronic or

mechanical, including photocopying, recording, or any information storage and retrieval system, without

permission in writing from the publisher. Details on how to seek permission, further information about the

Publisher’s permissions policies and our arrangements with organizations such as the Copyright Clearance

Center and the Copyright Licensing Agency, can be found at our website: www.elsevier.com/permissions.

This book and the individual contributions contained in it are protected under copyright by the Publisher

(other than as may be noted herein).

Notices

Knowledge and best practice in this field are constantly changing. As new research and experience broaden

our understanding, changes in research methods, professional practices, or medical treatment may become

necessary.

Practitioners and researchers must always rely on their own experience and knowledge in evaluating and

using any information, methods, compounds, or experiments described herein. In using such information or

methods they should be mindful of their own safety and the safety of others, including parties for whom they

have a professional responsibility.

To the fullest extent of the law, neither the Publisher nor the authors, contributors, or editors, assume any

liability for any injury and/or damage to persons or property as a matter of products liability, negligence or

otherwise, or from any use or operation of any methods, products, instructions, or ideas contained in the

material herein.

British Library Cataloguing-in-Publication Data

A catalogue record for this book is available from the British Library.

Library of Congress Cataloging-in-Publication Data

A catalog record for this book is available from the Library of Congress.

ISBN: 978-0-08-101093-8

For Information on all Elsevier publications

visit our website at https://www.elsevier.com/

Publisher: Joe Hayton

Acquisition Editor: Joe Hayton

Senior Editorial Project Manager: Kattie Washington

Production Project Manager: Kiruthika Govindaraju

Cover Designer: Greg Harris

Typeset by MPS Limited, Chennai, India

http://www.elsevier.com/permissions
http://www.elsevier.com/


A la memoria de mi madre.
Marı́a Manuela Martı́n Criado.

D.E.P.



Preface

Introducing students to the analysis and evaluation of chemical processes involves

integrating knowledge from all the fields within Chemical Engineering, namely,

fluid mechanics, heat and mass transfer, reactor design, unit operations, and pro-

cess safety and control, and it also requires a basis in simulation. Lately biology

and biotechnology have also stepped inside that box. While many Chemical

Engineering curricula leave this task for the sole module of Process Design, at

some universities there is a specific module dealing with evaluating how tradi-

tional processes in the chemical industry have been developed, the driving forces

that have changed the way of producing major chemicals (eg, sulfuric acid), and

the evaluation of the units involved. Despite the tight schedules of three- or

four-year curriculums required for a bachelor’s degree in Chemical Engineering,

history tells us that learning from mistakes and successes via case studies allows

critical thinking and provides a strong background.

This book reflects the work of many years of teaching “Introduction to

Chemical Processes and Technologies” at the University of Salamanca and as a

visiting professor at University of Birmingham, University of Leeds, University

of Maribor, Universidad de Concepción, and Carnegie Mellon University, as well

as industrial experience in my position at P&G and as a consultant for biofuels

companies. I have tried to select a few processes that use all the possible raw

materials—air, water, biomass, minerals, and fossil fuels—to produce a number

of basic chemicals, from oxygen, nitrogen, and hydrogen, to ammonia, methanol,

nitric acid, sulfuric acid, soda ash, sodium chloride, bioethanol, penicillin, FT

fuels, and biodiesel. Unlike many other references dealing with similar topics,

this book is not merely descriptive, but uses chemical engineering principles to

analyze the processes that transform the raw materials into products. Therefore,

throughout the text one can find distillation column analysis (ie, air separation,

ethanol and methanol purification), reactor designs (eg, ammonia converter, SO2

converter, sugar fermentation, biodiesel production, ammonia and methanol syn-

thesis), absorption columns (eg, ammonia purification, CO2 capture, sulfuric acid

production), membrane analyses (eg, desalination), electrolysis (eg, water and

NaCl), adsorption processes (eg, air desiccation, PSA), evaporator and crystallizer

designs, power cycles, and complete process analyses (eg, air liquefaction; nitric

acid, sulfuric acid, hydrogen, methanol, ammonia, and sodium carbonate

production).

The organization of the book is as follows. Chapter 1, The chemical industry

presents an introduction to the evolution of human needs and its effect on chemical

products and processes. Chapter 2, Chemical processes presents the basics in pro-

cess development and analysis. It covers the principles of process synthesis, focus-

ing on the heuristic approach, and presents flowsheeting, the role of security and

environmental issues in process design decision-making, as well as a brief
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summary of the chemical engineering principles that will be used throughout the

rest of the book. Chapter 3, Air starts with the first raw material. I selected air

because of its abundance and life-supporting function. Air is used to obtain its com-

ponents, and that process is analyzed from liquefaction to final separation. Air

humidity is also evaluated. Chapter 4, Water showcases water as a raw material.

Apart from presenting current concerns regarding its consumption and usage, the

chapter is devoted to evaluating the use of salt water to produce freshwater, and to

the use of salt in the production of major chemicals. Chapter 5, Syngas presents the

use of carbon-based material for the production of syngas, evaluating all the steps,

including purification. The gas is later used in the production of ammonia, metha-

nol, and synthetic fuels. Chapter 6, Nitric acid and Chapter 7, Sulfuric acid cover

the use of minerals and/or gases to evaluate two important chemicals of the inor-

ganic industry. Chapter 6, Nitric acid is devoted to nitric acid production. It is the

first complete case study, analyzing all the units from ammonia to the concentra-

tion of nitric acid. Chapter 7, Sulfuric acid studies the production of sulfuric acid.

The two main methods are evaluated: lead chambers and the contact process.

Finally, Chapter 8, Biomass discusses the use of biomass. This chapter is linked to

Chapter 5, Syngas since biomass is a particularly carbon-rich raw material.

However, current attention and efforts towards a more sustainable industry are not

forgotten, as well as polymerization kinetics for synthetic rubber production as an

attempt to produce materials that match the natural ones. Typical biofuels, spe-

cialty chemicals such as penicillin, and synthetic rubber are evaluated.

I acknowledge that other chapters could have been added, but as the reader can see,

the topics selected cover a wide range of raw materials and units.

Nowadays there is an unwritten rule that the use of software must accompany

any module of an engineering degree. Thus, some of the problems presented

require the use of software; therefore I have used EXCEL, GAMS, MATLAB®,

and gPROMS, or process simulators like CHEMCAD, to provide solutions.

I thank all the software companies for their input. The text does not aim to teach

the use of any one of these specific packages—there are other books better-suited

to that aim—but rather how to use software in general to solve the particular pro-

blems presented throughout the book. Furthermore, other software exists that can

be used to solve the same problems.

This work would not have been possible without previous professors on the

subject who decided not just to focus on process description, but also to perform

a systematic analysis of the processes based on the principles of chemical engi-

neering. In addition, it was crucial to use the constructive criticism of my stu-

dents, who at some point asked me, How can we study this module? (Edgar

Martı́n, December 2014) Where can we find problems to practice? To all of

them, my sincere gratitude. In particular, special thanks go to those who reviewed

the manuscript: previous MSc students at the University of Salamanca such as

Alberto Almena, Verónica de la Cruz, Borja Hernández, José Antonio Luceño,

Santiango Malmierca and Antonio Sánchez; and prof. I.E. Grossmann from

Carnegie Mellon University. I would like to thank the software companies who
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provided their support, and the chemical companies who granted permission to

present real flowsheets and unit schemes, which are of high value to students.

A note to instructors: This book can be used in two ways. For those who teach

a module on processing raw materials into products, it provides a description of a

number of processes with examples for classroom seminars and end-of-chapter

problems for students to evaluate their understanding of the material. Most of the

problems have been exam questions over a number of years at the University of

Salamanca. An appendix with the solutions is provided at the back of the book.

For those professors whose programs do not have such a module, the book can be

used as reference for subjects such as chemical engineering principles, reactor

engineering, and unit operations, and can also provide information and case stud-

ies for putting together an open problem of process design for a classical process

design class at the senior level. Furthermore, examples and problems for the use

of process simulators, as well as the use of other software packages, are presented

and provided.

A note to students: This book provides not only the description of the pro-

cesses and the physico�chemical principles of operation, but also a considerable

number of detailed examples throughout the text, including computer code for

solving some of them. There is a larger collection of problems at the end of each

chapter to challenge your understanding of the material in the chapters, and for

you to practice and get better insight into the processes covered. You can find the

results of the problems at the back of the book for guidance.

Mariano Martı́n Martı́n

Salamanca, Spain, February 2016
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CHAPTER

1The chemical industry

1.1 EVOLUTION OF THE CHEMICAL INDUSTRY
Chemicals and materials have been used and developed by mankind over centu-

ries. Human history has traditionally been divided into eras directly related to the

evolution of the use and processing of materials, that is, the stone and iron eras.

Fig. 1.1 shows this evolution, from natural polymers and ceramics in 10,000 BC,

to the development of synthetic materials via metals processing back in the Middle

Ages, sponsored by the wars in Europe. In this chapter we will see how mankind’s

evolution and needs have guided the development of the chemical industry.

The journey starts at the beginning of society with the use and manipulation of

natural products. The more demanding society became, the more complex products

and efficient processes were needed. This chapter will be the link between all the

chapters included in this book. We focus on chemical process analysis when and

why they originated, and how they evolved over decades to improve the quality of

products and meet the needs of industry at every turn. The story begins with the

use of natural products and the principles of biotechnology for food-related activi-

ties. The main turning point was the moment the first chemical process as we know

it today was put together, 1746. It corresponds to the lead chambers Roebuck used

for the production of sulfuric acid within the NaCl industry.

For simplicity, this timeline is divided into eight stages, from prehistory to

today. Note that a more detailed analysis would lead to a more segmented time-

line, but for the sake of argument and the purpose of this introductory chapter,

this will suffice (Garcı́a et al., 1998, Ordóñez et al. (2006a, 2006b)).

1.1.1 PREHISTORY

In the beginning mankind was nomadic, satisfying its needs directly from nature.

Little or no transformation was needed, and if anything, it was craftwork.

1.1.2 FIRST SETTLEMENTS

However, as society changed from nomadic habits to established settlements,

needs also underwent similar drastic changes. The discovery of fire and its control

allowed cooking and curing of meat for preservation as smoked meat.

1Industrial Chemical Process Analysis and Design. DOI: http://dx.doi.org/10.1016/B978-0-08-101093-8.00001-X

© 2016 Elsevier Ltd. All rights reserved.
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FIGURE 1.1

Evolution of engineering materials.

Reproduced with permission from: Ashby, M.F., 2004. Materials Selection in Mechanical Design, third ed. Butterworth-Heinemann,

Oxford; Ashby (2004), Copyright Butterworth-Heinemann, third ed.



As expected, food was a primary concern for mankind. Other methods such as

solar curing or the use of salts as preservatives, which already required chemicals

or chemical transformation, were also used. Salt production was therefore a need,

and the evaporation of seawater was the method of choice.

Cave paintings dating back to 10000�5000 BC were the first evidence of the

establishment of mankind into groups, but they also represented the capability of

producing pigments out of natural species. As a result, mankind no longer looked

to nature to satisfy its needs, but started developing its own means. For instance,

around 7000 BC the use of fire allowed the production of fired-clay pottery. Crop

irrigation has been known since 5000 BC. Several hundred years later copper arti-

facts were also used. Stone tools were developed and used by 4000 BC, and the

wheel can also be dated back to this time. Most of these tools were used to grow

and produce food. There is evidence of the domestication of cattle from 4000 BC.

Also by that time, early biotechnology appeared. For instance, bread was pro-

duced in Egypt from 3500 BC, the production of cheese dates back to 2000 BC,

yogurt out of fermented milk was created by central Asian People in the

Neolithic period, barley beer can be dated back to 2500 BC in ancient Egypt, and

by the same time rice beer was being produced by the Chinese. Furthermore, but-

ter and natural glue gave rise to certain chemical and biochemical craftwork.

Animal skins have been used for protection via the production of garments,

clothing, shelter, carpets, or decoration. One of the main issues, as with any other

natural resource, was its preservation. Leather tanning using tree bark is said to

have originated among the Hebrews. The techniques developed were kept as pro-

fessional secrets and passed down through generations from father to son under a

halo of magical foundations.

The first well-established generations were born in the Mediterranean area.

Grapevine and olive trees are widely available in these regions. Mankind used

both resources in several ways. From olive trees, oil was obtained as a means to

cook food, to preserve it, and to use it as fuel for lighting. From the grapevine

mankind obtained juice, and via fermentation, wine, which later aged into vine-

gar. For ages, vinegar was the strongest acid known to man.

These established civilizations also developed gypsum (2500 BC), and pig-

ments for house and personal decoration. In terms of personal care, perfumes,

dyed textiles, and paints appeared, which indicates a certain degree of developed

craftwork. As we can see, it was society that demanded such products to improve

the quality of life.

1.1.3 ALCHEMISTS

Knowledge of how to obtain and process raw materials was scattered. The ancient

Greeks developed certain basics to explain these transformations. Although the

theories were not correct—that is, the theory of the four elements—they worked

in terms of pursuing rational thinking about natural processes.

31.1 Evolution of the Chemical Industry



The rational thinking from the ancient Greeks, together with theocentric con-

cepts from Arabs and Christians, resulted in what is known as alchemy, an Arab

word. Although it was surrounded by a magic halo, alchemists developed and pre-

pared a large number of new materials and chemicals such as acids, alkalis, salts,

etc. That also allowed improvements in perfume and dye production, as well as

metallurgic developments. The aim of this development was more mystical: the

search for eternal youth and the philosopher’s stone.

Around the 13th century, the center for knowledge moved from the East to the

West. Universities, by putting together Greek knowledge, Arab and Jewish learn-

ings, and Christian ideas, created the origins of the Renaissance, an intellectual

revolution.

1.1.4 LOWER MIDDLE AGES

As civilization developed in Europe during the 12th and 13th centuries, textile

production transferred to villages and towns, where workers in the same fields

united in trade guilds becoming rather powerful. Thus, through the middle ages

the use of iron spread not only as a material for agriculture and domestic tools,

but as weapons too. Wars were the reason for the huge development of metal-

lurgy. By this time mankind learned how to improve the taste of wine, bread, and

cheese. Furthermore, the origin of a certain chemical industry was in place from

basic natural species:

• weak acids (vinegar, lemon juice, acid milk)

• alkalis (carbonates from ashes, lime).

1.1.5 MIDDLE AGES

Around the 14th century, strong acids such as chlorhydric acid, nitric acid, the

mixture of both, and sulfuric acid (oil of vitriol) appeared. The discovery of sulfu-

ric acid is as important to the chemical industry as the discovery of fire, since it

allowed the preparation of a number of salts and other acids.

Although the aim was still the search for eternal youth, along the way a num-

ber of chemicals with interesting properties were produced, such as sodium sul-

fate, a laxant, and chloride as a byproduct from the production of chlorhydric

acid using sulfuric acid and sodium chloride:

H2SO4 1 2NaClðsaltÞ-2HCl1Na2ðSO4Þ
Furthermore, commercial trade increased as a result of the ideas in the

Renaissance and the geographic discoveries in the 13th and 14th centuries. Both

contributed to the development of larger manufacturing centers. However, the

demand was limited to a few privileged classes, nobles, and clergy, which slowed

down technological development.
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During this preindustrial period, a number of activities that can be considered

to belong to the chemical industry were carried out in the fields of metallurgy,

chemical medicine, and the production of glass, soap, powder, and inorganic acids

(based on craftsmen’s knowledge). For instance, Lazarus, Eeker, and Agrı́cola in

the 16th century produced nitric acid from salt and ferrous sulfate.

1.1.6 INDUSTRIAL REVOLUTION

Transition from the craft-based production system to the industrial one required

the identification and further understanding of the principles and foundations of

nature. Lavoisier’s work by the end of the 18th century can be considered as the

beginning of chemistry as a modern science. Thus, the chemical composition of

some of the most common products was becoming known by the beginning of the

19th century. The basis of the chemical processes has its foundations in John

Dalton’s atomic theory and Jöns Jacob Berzelius’s work to develop the Periodic

Table. Organic species were gaining attention thanks to the work of Friedrich

August Kekule, founder of the Theory on Chemical Structure, and Stanislao

Cannizzaro.

As a result, industry specialized. A particular industry will not cover the entire

process from raw materials into final products as the craftmen used to do. The

chemical industry is divided into three categories:

• Basic chemicals,

• Intermediate products,

• Consumer goods.

1.1.6.1 Siderurgy
This is the first industry that grew following the commercial trades. In the

beginning, charcoal from wood was used as a fuel and reductor agent. However,

its scarcity due to the diverse uses of wood, such as in the naval or construction

industries, and its use as fuel, limited the progress. The use of mineral coal was

unsuccessful for quite some time due to the problems related to the presence of

sulfur, the amount of volatiles, and the fact that the increase in the mass during

preheating was troublesome for the furnace. It wasn’t until 1735 that Abraham

Darvy first produced coke out of mineral coal. John Wilkinson improved the

production process by building the coal heaps around a low central chimney

built of loose bricks with openings for the combustion gases to enter. In 1802

the first battery of beehives was put together near Sheffield, and by 1870,

14,000 beehive ovens were already in operation in the coalfields of West

Durham. During the 18th century, coke became the source for growth as it

allowed the development of the stream engine, a basic component of the

Industrial Revolution.
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1.1.6.2 Textile industry
The steam engine was the driver for a number of craft-based industries since it

allowed higher production rates, specialization, and division of work. This fact

changed the way industry was conceived. Artisans lost their dominium over tasks

and, in England, class differentiation vanished as a result of the Industrial

Revolution. The first steam engine dates back to 1705 (Newcommen and Carley),

but it was James Watt who from 1765 to 1868 increased the energy efficiency.

Soon after, it was applied to power looms to weave sheds. As a result of the

growth of the textile industry, a number of other industries also developed since

larger amounts of dyes and bleaches were needed. Nature was not able to provide

such quantities and the chemical industry grew to provide those chemicals: acids

and alkalis.

1.1.6.3 Sulfuric acid industry
The production of acids focused its efforts on the oil of vitriol, since it allowed

the production of other acids. The first method was lead chambers, initially pro-

posed by John Roebuck in Birmingham in 1746. It consisted of large chambers

internally covered by lead to protect the structure from corrosion, where sulfur

oxides, steam, and oxides of nitrogen were put into contact. The presence of

nitrogen oxides was required for the reaction to progress. In 1775 Lavoisier found

the composition of the acid and a few years later, in 1778, Clement and

Desormes showed that the nitrogen oxides were actually the catalysts for the pro-

duction of sulfuric acid. It wasn’t until 1828 that Gay-Lussac modified the origi-

nal process by adding the tower (that nowadays is named after him) to recover

the nitrogen oxides. The needs for more concentrated acid, in particular for its

use in the Leblanc process, resulted in another step forward in sulfuric acid pro-

duction. The Glover Tower was added to the process in 1859. The first facility

using the enhanced process dates back to 1935.

Although the concentration of the acid produced using the modified lead

chambers process was enough for the Leblanc process and for the production of

orthophosphates for the fertilizer industry, it was not appropriate for the produc-

tion of pigments and dyes, or for explosives, where nitration processes were the

basis. The heterogeneous method, the contact process, was patented by Peregrine

Phillips in 1831. It consisted of the oxidation of SO2 gas to SO3 using air with

platinum as catalyst. However, there were still technical limitations to the use of

this method. The purity of the gases required in the process and the initial low

demand of the concentrated acid did not allow the industrial application of this

method until 1870, when it became technically and economically feasible. By the

end of the 19th century, the Badische Anilin und Soda Fabric (BASF) produced

sulfuric acid at industrial scale using platinum first as catalyst. Platinum was

substituted by V2O5 during the First World War.

Sulfuric acid production was for years an indicative index of the development

of a country.
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1.1.6.4 Sodium carbonate industry—soda processes
At the beginning of the 19th century, Leblanc suggested the production of sodium

carbonate from salt and sulfuric acid. This process was the turning point for the

world’s chemical industry. In particular, we need to highlight the fact that for

the first time the economic feasibility of the process was obtained only by reusing

the byproducts hydrochloric acid (HCl) and sulfur (S).

HCl could be recovered by absorption. In 1836 William Gossage designed the

Gossage Tower to recover HCl from the gas phase based on its solubility in

water. He realized that contact area was key for the process. From that solution,

chlorine (Cl2) was obtained from oxidation. Cl2 was (and still is) used as a disin-

fectant and bleach. In the case of S recovery, the Claus process patented in 1883

allowed sulfur recovery from the wastes of the Leblanc process.

The main drawback of the Leblanc process was the low purity of the sodium

carbonate, which drove the development of the Solvay process by Ernest Solvay

in the 1860s. The process breakthrough was the so-called Solvay Tower, which

solved the technical problems of the first process patented by H.G. Dyan and

J. Henning in 1834.

1.1.6.5 Coal gas industry
William Murdoch from 1792 to 1798 used coal gas for illumination of his own

house. He was hired by the Boulton and Watt firm, and they began a gaslight pro-

gram to scale up the technology. However, electricity soon replaced it. From the

coal gas industry, as well as in the production of coke, there were a number of

wastes and byproducts, discarded at first, that could be used. From the ammonia-

cal effluents, ammonia could be recovered and later sold as ammonia sulfate, a

fertilizer. On the other hand, the growth of the organic chemical industry was due

to the other residue, the coal tar, which was a raw material for a wide range of

products.

The first organic compound artificially synthesized from inorganic materials

was urea. It was obtained by treating silver cyanate with ammonium chloride by

Friedrich Wöhler in 1828. From coal tar, Ruge in 1843 separated phenol, aniline,

and other compounds. Aniline was the raw material for the first synthetic dye,

aniline blue, patented in 1856 by Perkin.

Explosives were the other main chemicals, produced in 1885. Trinitrophenol

was adopted by France and England, and trinitrotoluene was selected by Germany.

Both substituted nitrocellulose and nitroglycerine which were highly unstable.

By that time (1892) calcium carbide (CaC2) was accidentally obtained in an

electric furnace by Thomas L. Willson while he was searching for an economical

process to make aluminum. The CaC2 was the raw material for the production of

calcium cyanamide, a fertilizer, and for ammonia production via alkali hydrolysis.

On the other hand, the decomposition of CaC2 with water generated acetylene,

which later was used as the origin of many other organic compounds (ACS, 1998).
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The development of the chemical and pharmaceutical industries, and the pro-

duction of dyes, placed Germany at the top of the world’s chemical industry for

decades. The discovery of the dynamo in 1870 was the origin of electrochemistry.

1.1.7 INDUSTRIAL SOCIETY

The increasing quality of life in developed countries created new needs in the

transportation and communication sectors, as well as a significant increase in the

demand of some others. For instance, society demanded services including water,

gas, power, and better buildings and houses. All of them implied larger energy

consumption. The chemical industry was energy intense and thus it guided, the

development of the power industry, improving the use of hydraulic resources,

coal, and later, crude oil.

1.1.7.1 Nitric acid industry
It was the need for pigments and explosives that increased the demand for nitric

acid. Before First World War (WWI) it was produced from sodium nitrate (Chile

saltpeter or Peru saltpeter) and sulfuric acid. However, Chile saltpeter was the

only natural source for nitrogen-based fertilizers, and thus both industries com-

peted for the same raw materials. Therefore, there was a need for a different

source of nitric acid for the chemical industry.

By 1840 Frédéric Kuhlmann studied the production of nitric acid via ammonia

oxidation over platinum. The process did not reach industrial scale until the

beginning of the 20th century when Ostwald and Eberhard Brauner found the

operating conditions for an acceptable yield. The use of ammonia was an alterna-

tive path towards nitric acid, however, ammonia was also basic to the fertilizer

industry.

The problem was solved in 1913 when the Haber�Bosch process—named

after Fritz Haber, a chemist, and Carl Bosch, an engineer with the Basiche firm—

was discovered. The reaction, carried out at high pressures and temperatures over

metallic oxides, was a challenge for the field of materials and reactor design,

representing:

• Development of heterogeneous catalysis.

• Production of pure N2, obtained from air involving cooling, condensation, and

air rectification. In essence, air fractionation and the Linde process were

developed behind this need.

• Production of pure and reasonably cheap hydrogen, by developing coal

gasification technologies followed by the water was shift reaction to get rid of

the carbon monoxide (CO) that was produced together with the hydrogen.

• Developed high-pressure and -temperature gas processing, in particular

the problem of the high diffusivity of hydrogen and the material design to

handle it.
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1.1.7.2 Coal gasification
Coal gasification represented (in 1923) the establishment of carbon chemistry via

the production of synthesis gas, syngas. Syngas mainly consisted of hydrogen

and CO, the building block for a large number of compounds such as methanol,

from which formaldehyde can be produced via oxidation and Bakelite by its

polymerization (ACS, 1993).

Syngas was also a raw material for synthetic fuels. When Germany lost access

to crude oil during the WWI, an alternative was presented that used syngas to

obtain synthetic gasoline and diesel. The process was developed by Franz Fischer

and Hans Tropsch, and patented in 1925. It was based on the hydrogenation of

CO over catalysis. At the same time, the West lost its main supplier for pigments

and intermediates, and thus the chemical industry grew by developing novel pro-

cesses based on state-of-the-art technologies and improved organization and pro-

ductive models. Thus the United States displaced Germany from its top position

in the chemical industry.

1.1.7.3 Polymers
By the mid-1900s, the first modification of natural polymers such as cellulose

and rubber was successful, making it possible to achieve new properties for novel

applications. Furthermore, the unsuccessful experiments in processing several

mixtures of small molecules resulted in viscous fluids or solids that were highly

stable. The increased needs for modified macromolecular products provided an

opportunity for the production of synthetic plastics from those small organic

molecules, creating Bakelite (mentioned above), polyvinyl chloride, acrylic plas-

tics, polystyrene, nylon, low-density polyethylene, etc., and making it possible to

obtain tailor-made products with the proper properties. The chemical industry pro-

vided the raw materials and acetylene found a new use.

It was again as a result of a war, Second World War (WWII), that the supply

of natural macromolecules was cut off. The only industry capable of substituting

a natural species by a synthetic ones was, and still is, the chemical industry. That

required research and development. For instance, when the United States could

not access natural rubber, it took 2 years to develop synthetic rubber; by 1944 all

vehicles used synthetic rubber for their tires. In 1954 the first catalysts capable of

producing molecules with a certain 3D order were developed, the Ziegler�Natta.

Novel and more specialized materials such as resins were thus developed.

1.1.7.4 Petrochemical industry
The source for most of the small molecules, the acetylene, was produced in an

electric furnace from calcium carbide (CaO1 3C-CaC21CO). The high

demand to satisfy the growing macromolecules market increased its price and the

industry turned its focus to crude oil. Crude fractionation and refining was devel-

oped in the beginning of the 20th century in the United States.
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The growth of the automobile industry and the demand of society for higher

quality of life increased the demand for gasoline. Production via crude fraction-

ation could not meet the demand, and therefore heavier fractions that could not

be easily sold became the source for fuels (via cracking). We can trace cracking

back to work by Burton and Humphries in 1912.

Apart from small molecules and gasolines, the production of aromatics

became of great interest. Thus petrochemistry replaced carbochemistry due to the

lower cost of raw materials and final products, and ethylene replaced acetylene as

the building block of the chemical industry.

1.1.8 RENEWABLE AND NONCONVENTIONAL-BASED DEVELOPMENT

The easy access to cheap and abundant raw materials slowed down the research on

other energy sources and raw materials. However, the growth in population and

increasing energy needs over the years, together with the political stability of the

main producers, has moved society to find alternative sources of energy. There has

been an important development of renewable-based sources of chemicals and power

from not only biomass such as energy crops (switchgrass, miscanthus) and nonedible

sources of oil (including algae), but also solar and wind energy. Lately a number of

processes have been developed to produce substitutes for crude-based gasoline and

diesel, such as bioethanol and Fischer�Tropsch gasoline and diesel, dimethyl ether,

dimethyl furan, furfural from biomass, biodiesel, from waste cooking oil, algae or

nonedible oil, glycerol ethers from the byproduct of the biodiesel industry. Typically

solar and wind have been used for the production of power using photovoltaics or

concentrated solar power facilities, and wind turbines, respectively. The difficulties

in storing solar and wind energy have also been a challenge that the chemical indus-

try has accepted either by the development of batteries or the production of chemi-

cals such as methane from CO2 and electrolytic H2.

Apart from renewable-based sources, two nonrenewable but abundant sources

of methane have attracted attention: shale gas and methane hydrates. Shale gas is

natural gas trapped in shale formations. The development of extraction techniques,

horizontal drilling, and fracking are currently allowing the exploitation of the vast

reserves found in the United States, Mexico, Argentina, and China. Methane

hydrate is actually methane trapped in ice that has been generated from organic

wastes in the continental limits or below the ice of frosted surfaces. Hydrates

represent more than 50% of organic carbon, and currently Japan has made interest-

ing progress in the industrial use of this methane (Martı́n and Grossmann (2015)).

1.2 CHEMICAL INDUSTRY IN FIGURES
World chemical turnover was valued at h3156 billion in 2013; that is divided

across several regions, as presented in Fig. 1.2. We can distinguish five major
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FIGURE 1.2

The chemical industry in sales.

Cefic, Facts and Figures 2013�14.



businesses within the chemical industry: polymers, petrochemicals, specialties,

basic inorganics, and consumer chemicals. The share of the total industry is about

25% each for the first three, and the rest is divided almost equally between con-

sumer chemicals and basic inorganics (see Fig. 1.3).
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CHAPTER

2Chemical processes

2.1 INTRODUCTION TO PROCESS ENGINEERING
The word design refers to a creative process searching for the solution to a

particular problem. When it comes to chemical processes, the aim is to come up

with the stages and the units that transform a raw material or a number of raw

materials into a desired set of products. At this point we must refer to the book

by Rudd, Powers, and Siirola (1973), the first one to present this procedure as a

systematic process. The field of chemical process engineering finds in that work

its first textbook.

A chemical plant or facility comprises a number of operations and reactors that

allow the transformation of raw materials into products of interest and their purifi-

cation. The typical stages are as follows:

• Feedstock preparation,

• Reaction,

• Product Purification,

• Unconverted reactants recycle,

• Emissions control,

• Packing/Product transportation.

In Fig. 2.1 we present the scheme for the production of ethanol via biomass

gasification. We see the different stages of any chemical process. Biomass is

processed so that the size is appropriate for gasification. Next, the raw syngas

is purified from hydrocarbons, hydrogen sulfide (H2S), ammonia (NH3), etc., and

its composition adjusted in terms of the hydrogen (H2) to carbon monoxide (CO)

ratio. Subsequently, the gas reacts to produce not only the desired product,

ethanol, but also methanol, propanol, and butanol. Furthermore, the conversion of

the syngas is not complete, and the unreacted gases are separated and recycled,

while the liquid products are separated via distillation. This process also has

emission control units in the form of sour gas capture. Carbon dioxide (CO2)

and H2S are removed from the gas stream because they are poisonous for the

catalyst.

The process engineer is the person responsible for putting together the

flowsheet that defines the path from the raw materials to the products. His main

aim is to find the optimal way to obtain a product with the specifications that

meet the demand at the lowest cost, under safe conditions, and with the lowest

13Industrial Chemical Process Analysis and Design. DOI: http://dx.doi.org/10.1016/B978-0-08-101093-8.00002-1
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FIGURE 2.1

Bioethanol production process.



environmental impact. Therefore, process optimization has an important role.

Before 1958, the good economic situation allowed a number of rules that resulted

in units being overdesigned. In addition, environmental constraints were relaxed

to help grow the economy. However, as times became tougher, the processes

were designed and operated closer to their optimal specifications. Therefore, the

process engineer had a more difficult task. Nowadays, overdesign is a burden for

the profitability of the facility.

Making decisions on the best process is a tough problem in itself. First, there

are multiple alternatives for almost every processing stage. Furthermore, there is no

single design criterion, but a number of them. Economic evaluation is the one every

manager will ask for first. However, society is concerned with the environment

and the security of the people that work in the plant and close by. Therefore,

environmental assessment, safe operation, and flexibility are other concerns that

transform the original problem into a multiobjective one.

There are four main problems that the process engineer typically has to

address:

• New process or product: The challenge is the lack of information, and therefore

the main concern is the uncertainty in the outcome. As a result of the technical

risk, industry is resistant to try novel strategies unless huge economic advantages

are expected. Process scale-up is key to reducing risk (Zlokarnik, 2006).

It consists of evaluating the performance of the process at the laboratory scale,

where its technical feasibility can be shown, moving on to the pilot plant, and

finally full industrial scale. Pilot plants of 1/30 scale are available at research

facilities for novel oxycombustion-based processes (eg, CIUDEN in Spain).

• Modifications of a process: Because there is experience with a previously

developed process, decisions are sometimes predicated on previous solutions,

which may not provide the best options.

• Building capacity: Bottlenecks must be identified to determine the units to be

modified and the parallel lines needed.

• Intelligence: We need to know why the competition can produce so cheaply

and with such good quality.

The project consists basically of deciding:

1. Which product to obtain. A market study of needs determines this.

2. How much to produce. What is the market demand for the product? Size has

always been an advantage in the chemical industry, which benefits from

economies of scale. A larger plant is not proportionally more expensive.

Sometimes the operation of the plant (ie, the inability to cool down a reactor,

or raw material availability) limits the size of the plant.

3. Quality of the product. Society demands better products for more specialized

operations.

4. Quality of the raw material. What is the tradeoff between the price for a purer

material and the processing cost to purify it on-site?

152.1 Introduction to Process Engineering



5. Storage issues. How much must be stored (if any) and for how long? Do the

raw materials age, and are there safety issues with storage?

6. Byproducts. Are they useful, and do they present environmental or safety

concerns?

7. Waste treatment. Is this expensive?

8. Allocation of the plant. This is typically a supply chain problem. The agents

involved are the market, the location of customers willing to buy the product,

raw material allocation, determination of the price to supply the plant, and an

inventory of raw materials and products for normal operation of the plant.

The process engineer must consider all of these aspects when dealing with a

process. Process design can be divided into four stages.

2.1.1 PROBLEM DEFINITION: CONCEPT

At this point the needs, specifications, and process technologies must be identified

to determine the feasibility of the process. The challenge is that it is an open

problem, ie, there are a number of solutions. The tools that we have are the litera-

ture, encyclopedias, and brainstorming.

2.1.2 PROCESS SYNTHESIS: ALTERNATIVE TECHNOLOGIES

The second stage aims to put together a flowsheet for the process using the

information gathered in the previous stage. The challenge is the large number of

alternative technologies available and the trade-offs among them. The tools are

the information regarding the performance of such technologies, including rules

of thumb, as well as more advanced techniques such as Douglas’s hierarchy and

superstructure optimization.

2.1.3 MASS AND ENERGY BALANCES: ANALYSIS OF THE PROCESS

Typically the mass and energy balances of a process consist of a complex system

of equations, including thermodynamics of the species and of the mixtures,

reactor kinetics, and liquid�liquid and liquid�vapor equilibrium, etc. Over the

last several decades a number of packages have been developed not only to solve

systems of equations (eg, EXCEL, gProms, GAMS, Matlab, Mathcad), but to

model processes rigorously (eg, CHEMCAD, ASPEN, ASPEN HYSYS, PRO II).

Section 2.4 presents a brief summary.

2.1.4 DESIGN CRITERIA: EVALUATING THE ALTERNATIVES

This last stage is the most challenging one. After the analysis of the process

we need to decide which alternative design to choose and present. There are

a number of indexes or metrics to compare processes, such as Net Present Value;
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a measure of process profitability; energy consumption; feasibility analysis;

HAZOP safety analysis; and environmental assessment, including Life Cycle

Assessment (LCA), controllability of the process, its flexibility, etc. Whether we

comply with one (ie, the most profitable process) or we look for a robust solution

(ie, a profitable process but one that is friendly to the environment and has no

safety issues), the decision must be supportable before a Board of Directors.

Bear in mind that the decisions at the level of conceptual design represent

80% of the total investment cost of the plant. In other words, the flowsheet

determines the units of the process and thus the cost of the process itself, but for

adjustments and refinement.

2.2 PRINCIPLES OF PROCESS DESIGN
In this section we present to the reader methods to sketch the flow diagram for a

process. Some of the methods will not be further pursued in this text, but it is

important that the reader becomes acquainted with the words and terms in process

design. All these methods aim to propose a systematic way of evaluating the large

number of alternatives that the process engineer has to consider in order to come

up with a process flowsheet.

A. Hierarchy Decomposition

In this method, proposed by Douglas in 1985 and later modified by R. Smith

at the University of Manchester (UMIST by that time) (Smith, 2005), there are

five decision levels.

• Level 1: Continuous process versus batch process.

• Level 2: Input�output structure.

• Level 3: Recycle.

• Level 4: Separation stage, and vapor and liquid recovery.

• Level 5: Heat recovery and integration.

B. Superstructure Optimization

This method consists of the formulation of a mathematical problem where all

the alternative processes are modeled based on mass and energy balances, thermo-

dynamic equilibrium, rules of thumb, experimental data, etc. The optimal flow-

sheet is extracted from the superstructure by solving the problem. For further

details see Biegler et al. (1997), Kravanja and Grossmann (1990), and Yeomans

and Grossmann (1999).

C. Evolutionary Methods

These are based on know-how and a previously available design. Using the

original process as a starting point, it is modified to address its weaknesses and/or

to increase capacity.
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In order to the reader to have a better understanding of the processes that will

be described in the following chapters, we are going to briefly comment on

the first of the three methods. However, in some processes (eg, air liquefaction,

lead chambers), evolutionary methods are behind the development of alternatives

for improving the yield, as it will be shown in the following chapters.

2.2.1 DOUGLAS HIERARCHY (DOUGLAS, 1988)

2.2.1.1 Level 1: batch versus continuous process
We use a batch process under the following circumstances:

• Low production capacity (typically below 53 105 kg/y).

• Multiproduct plants (eg, cosmetics and detergents).

• Special market properties such as seasonality (eg, ice cream and buñuelos)

or aging (eg, fresh food).

• When there are scale-up problems. For instance, in batch exothermic

reactions, the larger volumes do not maintain the area-to-volume ratio,

and heat transfer problems may appear.

2.2.1.2 Level 2: input�output structure
At this level we try to answer a number of questions related to the purity of the

raw material: Should we purify them? The purity of the byproducts: Should we

recycle or eliminate them? Do we need to purge part of the recycle to avoid

build-up within the process? Furthermore, can the unreacted raw materials be

recycled or not? We also need to evaluate the number of product streams of

the process. Based on this black box analysis of the process, the preliminary

economic potential of the alternatives can be determined in order to disregard the

worst ones. To address all of these questions there are some basic rules:

• If the impurity is not inert, we need to remove it.

• If the impurity is in the feedstock and it is in the gas phase, we process it.

• If the impurity is in a liquid feedstock and it is a product or a byproduct,

we process the feedstock though a separation stage.

• An impurity in large amount must be removed.

• If the impurity is an azeotrope, we process it.

• We must determine when it is easier/cheaper to eliminate the impurity from

the feedstock or from the products.

• If the boiling point of the impurity is lower than 248�C, we need to purge it

or use membrane separation.

• Oxygen, water, or air are used in excess as reactants.

• The number of product streams depends on the boiling point of the gases and

liquids that we obtain. Solids are evaluated separately.

• Valuable byproducts are sold.

• Avoid buildup in the process.
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2.2.1.3 Level 3: recycle
This decision level is used to evaluate the reaction step. The aim is to determine

the reaction steps required, the recycle streams, and the need for an excess of

one of the reactants. For that we need to know the kinetics and equilibrium gov-

erning the chemical reaction or reactions in order to figure out how it/they can

be altered. Typically the reactions involve heat transfer, and sometimes the

design of the reactor is heavily conditioned by how we can remove the heat gen-

erated. The effect of the reaction on the economic potential is addressed at this

level.

Apart from know-how on the reaction step, a set of general rules can also help

in decision-making:

• There exist optimal conditions for the operation of the reactor in terms of

feedstock composition, pressure and temperature, and reactor configuration for

heat removal as a result of the chemical reaction or reactions taking place.

• If there are several reactions that require different operating conditions,

a number of reactors are needed.

• If the reaction is exothermic, but the increase in the temperature is lower than

10%, the reaction operates as adiabatic.

• For an endothermic reaction, heat can be provided directly for isothermal

operation and low production capacity, or indirectly for higher production

capacity.

• The aim is to reach 96�98% of the equilibrium conversion.

2.2.1.4 Level 4: separation structure
From this point on, the separation costs are included in the evaluation. The product

stream from the reactor is evaluated as follows:

• If it is in the liquid phase, the separation is based on species volatility. If the

relative volatility is larger than 1.1, distillation is selected, otherwise

liquid�liquid separations can be considered.

• If we have a gas�liquid mixture, a flash separation is used to separate phases.

• If the reactor operates at high temperature, the products are cooled down and

condensed. If the cooled liquid phase comprises only reactants, it is recycled.

If it contains only products, it is sent to further purification. The gas phase is

sent to vapor recovery. The reactants are recycled. We can avoid flash

separation if the amount of vapor is small. In that case the multiphase stream

is sent to liquid separation.

• If the product is in the vapor phase, the stream is cooled down to condense a

fraction and separate the phases. The condensed liquid is processed as

described above. Sometimes cooling is not enough and compression can be

used to separate the phases. Otherwise, if the phases cannot be separated,

partial condensation is considered.

• If the products in a stream have no value, the stream is not further processed.
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Another method is the one proposed by Jaksland et al. (1995), which consists

of two levels. In the first level, the mixture is characterized to identify the separa-

tion technique based on the vapor pressure ratio. In level two, we select the sepa-

ration task, the sequence of separations, and determine the need for solvent and

type.

In this stage we see that distillation is the most important operation to

separate liquid mixtures. Distillation is an energy-intense operation. When a

mixture of components is to be separated, the order of their separation deter-

mines the cost of the product. Therefore, much effort has been placed on sys-

tematically determining the cheapest distillation sequence. There are two main

approaches: heuristic rules and mathematical optimization. For the sake of this

text we focus on the first one and leave the reader with the reference for the

second (Biegler et al., 1997).

Synthesis of distillation sequences (Rudd et al., 1973, Jiménez, 2003). Relative

volatility, of the species involved determine the separation of the mixture. If it is

1, there is no way. If it is 1�1.1, it is difficult. If it is 1.1 or higher, it is easy.

Thus, if the relative volatility of two species is lower than 1.1, distillation is not

an option.

The problem we face here is the large number of options; for example, for

three components, assuming sharp splits, there are two different flowsheets:

ðABCÞ2 ½ðAÞ2 ðBCÞ�2 ½ðBÞ2 ðCÞ�
ðABCÞ2 ½ðABÞ2 ðCÞ�2 ½ðAÞ2 ðBÞ�

For four components we get five flowsheets. In general, let N be the number

of components; the number of units, No, is given as

No 5
½2ðN21Þ�!
ðN21Þ!N! (2.1)

For a one distillate�one bottom column, the general rules are as follows:

1. Remove corrosive or reacting component first.

2. Remove products as distillates.

Heuristics for Column Sequencing
H1. Forbidden splits:

a. Don’t use distillation if the relative volatility is lower than 1.05.

b. If (α2 1)extractive dist./(α2 1)reg. distillation ,5, use ordinary distillation.

c. If (α2 1)sep liq�liq /(α2 1)reg. distillation ,12, use ordinary distillation.

d. Consider absorption as a candidate if refrigeration is needed for

distillation.

20 CHAPTER 2 Chemical processes



H2. The next separation is that with the largest relative volatility. Easy first,

difficult last.

This rule is based on the size of the column. The minimum number of

stages in a distillation column can be computed as given by Eq. (2.2):

Nmin 5

log
xi;D

12 xi;D

� �
12 xj;W

xj;W

� �� �
logαij

(2.2)

where α is the relative volatility, and xi is the molar fraction of component i

in the feed, F, or the distillate, D. Therefore, the larger the relative volatility,

the shorter the column.

H3. Remove the most abundant component first.

The size of the column (its diameter) is a function of the vapor phase

across it as given by Eq. (2.3), where V is the vapor flow and u the vapor

velocity across the column, ρ the density, and K the design constant:

D5

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
4Vðm3=sÞ
πuðm=sÞ

s
5

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
4Vðm3=sÞ

πK
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
ρL 2 ρV

ρL

r
vuuut (2.3)

Furthermore, the flowrate of the vapor phase has to be reboiled. Thus,

the energy at the reboiler increases for higher flowrate. If we reduce the

flow processed in the column by separating the most abundant sooner, the

following columns will be smaller and the energy consumption lower.

H4. If the α and concentration are not very different, use direct sequence

(most volatile first).

The justification behind this rule is again related to the energy

consumption and the diameter of the column. Let’s assume a mixture ABC

equimolecular with similar relative volatilities between the components AB

and BC, and that the feed is saturated liquid.

Direct Separation: See Fig. 2.2 for the flow pattern across the column.

Indirect Separation: See Fig. 2.3 for the flow pattern across the

column.

Therefore, the direct sequence is cheaper.

H5. Remove mass separation agent in the next column.

H6. Favor sequences that do not break desired products. We save a column

or more.

These rules must be applied in order of priority, and every time a

decision on the separation of products is to be made.

212.2 Principles of Process Design



EXAMPLE 2.1

Let’s look at an example for the separation of a mixture courtesy of

Prof. I.E. Grossmann. Fig. 2E1.1 presents an example for the use of the

heuristic rules.

The order for the volatilities of the species and the values are given

below:

OðIÞ :ABCDEF

OðIIÞ :ACBDEF

αI A=B 2:45;B=C 1:18;C=D 1:03;E=F 2:5
αII C=B 1:17;C=D 1:7

FIGURE 2.3

Indirect distillation sequence.

FIGURE 2.2

Direct separation sequence.
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Solution
H1. Exclude (C/D)I since αI5 1.03

ðB=CÞI 1:18 vs ðC=BÞII 1:17 0:18=0:17, 5-exclude ðC=BÞII
H2. Separate largest α

αIðA=BÞ 2:45:

Similarly,

αIðE=FÞ 2:5

H3. Get rid of most abundant

A=B5 5A E=F5 12F

Small amounts.

H4. Direct sequence favors - (A/B)I

The desired products are BDE & C (Fig. 2E1.2).

1. We can separate C/BDE using extractive distillation. However, H1 does

not recommend the use of extractive distillation.

2. We can separate BC/DE. Again, H1 does not recommend the use of

regular distillation since the relative volatility is lower than 1.05.

3. We separate B/CDE using regular distillation (α5 1.18).

Next, we separate C/DE using extractive distillation (α5 1.7):

ðα21ÞII
ðα21ÞI

5
1:72 1

1:032 1
$ 5

We mix B and (DE)

FIGURE 2E1.1

Distillation sequence example.
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EXAMPLE 2.2

We have a mixture of propane (45.4 kmol/h), isobutane, (136.1 kmol/h),

n-butane (226.8 kmol/h), i-pentane (181.4 kmol/h), and n-pentane

(317.4 kmol/h) with relative volatilities of C3/iC45 3.6, iC4/nC45 1.5,

nC4/iC55 2.8, iC5/nC55 1.35. Determine the sequence of distillation

columns to separate the mixture.

Solution
Using H2 we separate (C3|iC4 nC4 iC5 nC5).

Using H2 we separate (iC4 nC4|iC5 nC5).

Using H2 we separate (iC4|nC4) (iC5|nC5).

2.2.1.5 Level 5: heat recovery and integration
Hierarchy decomposition considers heat integration as the last stage in process

design. However, energy consumption represents one of the major economic

burdens of any process, and therefore energy integration must be considered along

with process synthesis. In fact, at Level 3 we already considered the operation of

the reaction involving heat transfer. The aim of this stage is to identify the

sources of energy within our process and reuse it in a systematic way. We con-

sider two cases for heat integration due to their impact on the economy of the

processes: the heat exchanger networks (HENs), to determine the minimum utility

cost; and in the second step the design the structure of the network and multieffect

columns, which have proved to be extremely useful to reduce energy consumption

in bioethanol production processes.

FIGURE 2E1.2

Distillation sequence final steps.
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Heat exchanger networks
Utilities Minimization Given:

• a set of hot streams that require cooling and a set of cold streams that need

energy,

• flowrates and inlet/outlet temperatures are known,

• heat capacities are assumed constant,

• and the utility streams are known,

we aim to design the HEN that minimizes the operating and capital costs. Let

us illustrate with an example.

EXAMPLE 2.3

Design a HEN with minimum consumption of utilities for the stream in

Table 2E3.1.

From the first law of thermodynamics, we need 1650 kW of cooling.

However, it is not possible to find a network with 1650 kW (see Fig. 2E3.1).

The procedure for computing the minimum utilities required is as

follows:

1. Create temperature intervals. Assume a minimum ΔTmin (HRAT�heat

recovery approach temperature), for instance, 10�C. For cold streams,

there must be a stream that is at least T1ΔTmin above; ie, for

the stream at 260�C, there should be another stream at 270�C. For hot
streams, in order to cool them down, we need a stream 10�C below;

ie, for the 93�C stream, we need another stream at 83�C.
2. Compute the heat available at each interval, k, and that required.

Qk 5
P

iAcold or hot FiUcp;iUΔTk
3. Accumulate the heat available and that required; they are the cascades

of hot and cold streams. Qavailable 5
P

k Qk

��
hot
;Qrequired 5

P
k Qk

��
cold

;

Table 2E3.1 Data for Example 2.3

Streams Fcp (kW/�C) Tin (�C) Tout (�C) Heat Flow (kW)

C1 15 360 600
C2 13 300 450 5550
H1 10 600 320
H2 20 540 320 7200

21650
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4. Plot the cascades (see Fig. 2E3.1). The change in curvature is given

when a second stream contributes to the composite hot and cold curves,

respectively. In the figure it is possible to compute the minimum needs

for utilities as the difference in the extremes of the curves when they

touch. The required energy and the refrigeration needed are computed

when both curves are at DT difference. To compute this point we con-

tinue the procedure.

5. Determine the Composite Curve (GCC) by accumulating the net energy

at each interval k. The minimum value (most negative) is the energy

required. By adding this value to the GCC on top we find the required

energy, and at the bottom the cooling needs. Table 2E3.2 shows the

results for the pinch.

The minimum utilities required are computed when the hot and cold

composites are put close so that the distance between them is ΔTmin.

Fig. 2E3.2 shows this point. We have horizontally displaced one of the

curves so that the hot composite is above the cold one and the distance

between them at the closest point in the y axis, the pinch, is ΔTmin. The

horizontal distance at the top and at the bottom of the curves gives the

minimum heat to be provided and the minimum energy to be removed

from the system.

FIGURE 2E3.1

Hot and cold cascades.

26 CHAPTER 2 Chemical processes



Table 2E3.2 Pinch Example 2.3 Results



Source: Courtesy of Prof. I.E. Grossmann.

HEN Structure The idea is to minimize the area and the energy to be removed

and that provided. Thus, a few heuristics that can be used are the following:

• High temperature streams are integrated first.

• Streams with high heat loads are integrated next.

• Search for larger gradients of temperatures.

• Look for larger global heat transfer coefficients.

Extreme alternatives:

a. Every hot stream with a cooling utility;

b. Every cold stream with a heating utility.

c. Recover as much heat as possible using the least amount of utilities;

Usually, there are many alternatives.

Near optimal HEN usually exhibits:

a. Minimum utility cost for a given DTmin (HRAT1 10K).

b. Fewest number of units.

Targeting (Pinch analysis) method:

1. Predict (a) and (b).

2. Develop a network that satisfies (a) and (b).

FIGURE 2E3.2

Adjusted composite hot and cold curves.
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a. As presented in the previous point

For maximum heat exchange, place curves as close as possible within

ΔTmin1HRAT. Note:

HRAT5 20K 600 kW heating 2250 kW cooling

HRAT5 10K 450 kW heating 2100 kW cooling

HRAT5 5K 375 kW heating 2025 kW cooling

HRAT5 0K 300 kW heating 1950 kW cooling (Absolute minimum)

1. Determine the excess or need of energy in each interval.

2. Cascade heat with 0 kW heating.

3. Cascade minimum heating:

a. Minimum cooling.

b. Temperature below zero entry-pinch,

Note that there will not be heat transfer across the pinch and we can divide

the network into two above and below the pinch,

In the problem table we see that the maximum deficit of energy is 600 kW,

which is the energy that needs to be provided.

b. Minimum number of heat exchangers (Nmin)

For each subnetwork assume at least one stream is exhausted in each match.

According to Euler’s theorem, for n nodes:

Nmin 5 nðhotÞ1 nðcoldÞ1 nðutilitiesÞ2 1

The following example illustrates this procedure:

EXAMPLE 2.4

Design a heat exchanger network (HEN) for the streams in Example 2.3.

Solution
In our case

Streams Above Pinch: H1, C1, steam Nmin5 11 11 12 15 2

Stream Below Pinch: H1, H2, C1, C2, cooling water Nmin5 21 21 12 15 4

Total5 6

• We are looking for a network with 600 kW of heating and 2250 kW of

cooling with the pinch at 540�520K.

• It should also have six units (two above the pinch and four below).

The subnetwork above the pinch is shown in Fig. 2E4.1.

Below the pinch, we have several alternatives. Fig. 2E4.2 shows the

subnetworks where H2 and H1 are used to heat up C1 and C2, respectively.
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FIGURE 2E4.1

Subnetwork above the pinch.

FIGURE 2E4.2

(A�C) Subnetwork below the pinch.
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However, if we try to use H2 to heat up C1, we have temperature cross.

Thus, the final network is of the form shown in Fig. 2E4.3.

The matches diagram is given by Fig. 2E4.4. We plot the hot and cold

streams as lines assuming that the temperature decreases to the right. The

matches are represented by lines connecting the streams that exchange

energy. We place heat exchangers to represent the heat provided or

removed using utilities.

Source: Courtesy of Prof. I.E. Grossmann.

Multieffect columns
In the case of the production of ethanol from corn grain, one of the most energy

consuming pieces of equipment is the distillation column known as a “Beer col-

umn.” It contributes to almost 50% of the energy of the process. Using multieffect

columns the energy consumption is reduced by nearly half, and the cooling needs

FIGURE 2E4.3

Optimal heat exchanger network.

FIGURE 2E4.4

Matches diagram.
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are also reduced. The operation of the system of columns consists of treating the

feed at different pressures so that the boiler of the low-pressure column acts as a

condenser for the high-pressure column. The variables are the operating pressures

of the columns as well as the fraction of the feed (αi) that goes to each one of the

columns. We have to make sure that TReb . TCond 1 ΔTmin. Fig. 2.4 shows a

scheme for a system of two columns operating as multieffect.

The formulation of the problem is given by the mass balance to the initial

splitter, the temperature constrains so that heat can be transferred from the reboi-

ler of the lower pressure columns to the condenser of the higher pressure

columns, and the energy balances so that the heat exchanged between them

matches and the mass and energy balances to each of the columns. A pressure

increase from the lower pressure column to the higher pressure columns is

enforced by a constraint (see Eq. 2.4).

Karuppiah et al. (2008) used this technology in the production of ethanol from

corn, resulting in $3 million savings in steam just in the columns (see Fig. 2.5).

F5
P

k Fk

Tbk # Tck11 1 dt; kACOL

Tbk # Tck 1 dt; kACOL

Qbk 5Qwk11

Pk11 $Pk

M&Ek

(2.4)

Feed

Fraction of feed sent to
LP column = LP column

P (atm) =

T =

T =
V
L

V
L

HP column
P (atm) =

FIGURE 2.4

Scheme for a multieffect distillation column system.
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2.3 FLOW DIAGRAMS

2.3.1 TYPES

Flow diagrams are a way to present information from the process Westerberg

et al. (1979). Depending on the audience they are intended for, different for-

mats and standards are applied.

1. Process diagrams.

They are simple representations of the process with no technical details.

Their aim is diverse, from publicity and advertising to providing a technical

sketch.

a. Block flow diagrams. They consist of a number of boxes representing each

of the units or groups of units. The boxes are connected through arrows.

See Fig. 2.6.

b. Block flow process diagram. It is used for simple representation of the

entire process. Typically all the units of the process are represented and

linked by arrows, indicating the direction of the flow. Some major

operating conditions are added to highlight them. It is the basis for the

engineering process diagrams. See Fig. 2.7.

FIGURE 2.5

Energy and cooling savings when using multieffect columns.

From: Karuppiah, R., Peschel, A., Grossmann, I.E., Martı́n, M., Martinson, W., Zullo, L., 2008. Energy

optimization of an ethanol plant, AICHE J. 54(6) 1499�1525.

FIGURE 2.6

Block flow diagram.
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c. Graphic process diagram. It is widely used in publicity or to sell the

project to managers. It is free, and they are not standardized. See Fig. 2.8.

d. Sankey diagram: It shows the flow of energy or mass involved in the

process, typically as a whole. It allows identifying energy losses.

See Fig. 2.9.

2. Process flow diagrams. They are the major source of information regarding a

process, from the stream data to equipment sizing. The symbols that are used

for the units and the way of reporting information on the operating conditions

are standarized. Anyone in the field can interpret the diagram (see Fig. 2.10).

FIGURE 2.7

Block flow process diagram.

FIGURE 2.8

Graphic process diagram.
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The information on the streams must be provided here. See Section 2.4 for a

detailed list of variables. A special type of engineering process diagram is the

so-called Piping and Instrumentation Diagram. It includes everything from the

size of the pipes and their material to the controllers and measuring devices

needed for controlling the operation of the facility (see Fig. 2.11). Within the

flag for a controller, the variable that is being measured and the action are

reported using a legend. Typically there is a system of three letters XYY;

Table 2.1 shows these letters.

In this special diagram the information related to the equipment is provided.

For instance, we need to describe the units in parallel or the spare units that are

needed in the process. With respect to the units, we provide the size, the thick-

ness (Schedule) of the pipes and the equipment, the materials of construction

and the isolation, type, and thickness. In Table 2.2 the typical operating infor-

mation for the units reported in the diagrams is known. We also need to provide

control information such as indicators, controllers, recorders, etc. Finally, the

utilities used in the process must be provided.

2.3.2 SYMBOLS: PROCESS FLOWSHEETING

Each of the units involved in a process flowsheet has its symbol. Fig. 2.12 shows

the symbols for a number of typical equipment types. The units are referred to

using their initials, such as C for compressors and turbines, E for heat exchangers,

H for fire heaters, P for pumps, R for reactors, T for towers, TK for storage tank,

V for vessels, and also a number, since typically there are various units of the

same category in the plant.

FIGURE 2.9

Sankey diagram.
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FIGURE 2.10

Process flow diagram.

Reprinted with permission of the National Renewable Energy Laboratory, from page 99 of NREL publication:

http://www.nrel.gov/docs/fy07osti/41168.pdf, Accessed November 16, 2015; Phillips, S., Aden, A., Jechura,

J., Dayton, D., Eggeman, T., 2007. Thermochemical ethanol via indirect gasification and mixed alcohol

synthesis of lignocellulosic biomass. NREL/TP -510-41168 April 2007, (Phillips et al., 2007).
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FIGURE 2.11

Piping and instrumentation diagram.

With permission from: Osaka Gas Chemicals., Ltd.

Table 2.1 Letters for Instrumentation

First Letter (X) Second or Third Letter (Y)

A Analysis Alarm
B Burner flame
C Conductivity Control
D Density or specific gravity
E Voltage Element
F Flowrate
H Hand High
I Current Indicate
J Power
K Time or time schedule Control station
L Level Light or low
M Moisture or humidity Middle or intermediate
O Orifice
P Pressure or vacuum Point
Q Quantity or event
R Radioactivity or ratio Record or point
S Speed or frequency Switch
T Temperature Transit
V Viscosity Valve, damper, louver
W Weight Well
Y Relay or compute
Z Position Drive



Table 2.2 Typical Information Displayed

Unit Information

Towers Size (height and diameter), pressure, temperature
Number and type of trays
Height and type of packing
Materials of construction

Heat exchangers Type: gas�gas, gas�liquid, liquid�liquid, condenser, vaporizer
Process: duty, area, temperature, and pressure for both streams
Number of shell and tube passes
Materials of construction: tubes and shell

Vessels and tanks Height, diameter, orientation, pressure, temperature, materials of
construction

Pumps Flow, discharge pressure, temperature, ΔP, driver type, shaft
power, materials of construction

Compressors Actual inlet flow rate, temperature, pressure, driver type, shaft
power, materials of construction

Fired heaters Type, tube pressure, tube temperature, duty, fuel, material of
construction

FIGURE 2.12

Symbols for typical equipment.
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Control instrumentation and the values provided in the flowsheet legend to

report a flow rate using different units, mass or molar, pressure and temperature,

etc. Fig. 2.13 shows the classic symbols for the control equipment, with lines repre-

senting the types of signals and flags for the information on the diagram.

2.4 MASS AND ENERGY BALANCES REVIEW
Mass and energy balances must provide the information for the streams displayed

in the diagrams presented in Section 2.3. Typically the following information is

to be included:

1. The mass flow of all units per unit of time. Volumetric flow rates should

be avoided. Select the units that result in a reasonable range; for instance,

from 0 to 1000.

2. Mass fraction of all streams (%).

3. Sometimes, molar flows (and molar fraction) can be interesting.

4. The stream temperature (�C or K).

5. The stream pressure. If it does not change much, show only once.

6. Enthalpy of flow (J, MJ, GJ, etc.).

Sometimes there is an error in the global mass balance, especially if there are

experimental data or correlations used to perform the balances. There is a maximum:

even if the balances hold, it does not mean that they are correct. Finally, the presen-

tation of the results must accurately display the number of significant digits. There

are two approaches to performing the mass and energy balances for a facility:

equation-based and modular. The first one is the option of choice in most of this text,

and a review of the principles is provided below. However, the use of computers in

chemical engineering has spread, and modular simulators have been developed, such

as CHEMCAD or ASPEN. For an introduction to the use of software for solving

chemical engineering problems, we refer the reader to Martı́n (2014).

FIGURE 2.13

Control instruments and data legend.
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2.4.1 EQUATION-BASED APPROACH

The model for each unit and for the process itself comprises all the first principle

equations that govern the system. It is out of the scope of this book to provide a

detailed review of the principle chemical processes, those of unit operations or

chemical reaction engineering; other books are better suited for this. Here we

only present a brief review of the principles that will be used for the calculations

in this book. We refer the reader to specific literature for further information

(Houghen et al., 1959; Baasel, 1989; Walas, 1990; Fogler, 1997; Perry and

Green, 1997; McCabe et al., 2001; Seider et al., 2004; Towler and Sinnot, 2012).

2.4.1.1 Mass and energy balances
They are based on the thermodynamic principles of conservation:

Mass balance with no chemical reaction, ie, mixers, separators, heat exchangers:

Mixer, heat exchanger, X
iAinlet

mi;j 5mout; j’j (2.5)

Splitter,

mout2k;j 5 ðξkÞmin;j ’jX
k

ξk 5 1
(2.6)

Mass balance with chemical reaction

a. Elementary balance: X
in

ni 5
X
out

ni (2.7)

b. Stoichiometry:

aA1 bB-cC1 dD

nA 5 nA;ini 2 a=a �nA;ini �X

nC 5 nC;ini 1
c

a
nA;ini �X

(2.8)

where X is the conversion for the reaction. We define conversion as the

fraction of the limiting reagent that has reacted. The reagent in excess is

defined with respect to the stoichiometry of the reaction and the limiting

reagent. Selectivity, S, refers to the fraction of the converted reagent that

produces a certain product in multiple reaction systems.
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c. Electrochemical reactions:

Redox potential:

EReaction 5Esemi reduction 2Esemi oxidation; E. 0 Spontaneous (2.9)

Nerst equation:

E5E� 2
R �T
n �F � ln Q½ � (2.10)

Power:

e �F �V � I � t �V (2.11)

Charge flow:

e �F � I � t (2.12)

Equivalencies:

1 C5 1 AUs; F5C=mol; 1 C5VUF; V5 J=C

2.4.1.2 Energy balances
• Enthalpy diagrams: Mollier, Hausen, enthalpy composition. In these diagrams

the Lever rule is useful for computing mixture composition and enthalpies.

• Specific enthalpy (flow enthalpy�sensible heat; we can also correct cp with

pressure):

HðTÞ5HT
Tref

5

ðT
Tref

cp;iðTÞdT 5

ðT
Tref

�
A1BT 1CT 2 1DT 3

	
dT � cp ðT2 TrefÞ (2.13)

• Enthalpy of reaction:

Heat of formation. We compute it as given by Eqs. (2.14) and (2.15),

depending on the aggregation stage of reference of the chemical for gases and

liquids, respectively.

Gas:

ΔHf;T 5
�
HTref

T 1ΔHf;Tref

	
(2.14)

Liquid:

ΔHf;T 5λðTÞ1HT
Tref

1ΔHf;Tref 5 cp;liqðT 2TebulÞ1λðTebulÞ1HTebull
Tref

1ΔHf;Tref (2.15)

Enthalpy of mixtures. For acids and alkalis in water we need to consider

the energy involved in the dilution or concentration, heat of dilution.
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However, in most cases heats of mixing are negligible and enthalpies can be

considered as additive.

Heat of reaction: Assuming the heat of formation at reference temperature

for the species in the final aggregation state, we have the heat of reaction:

X
j5in

X
i

ni

�
HTref

T 1ΔHf;Tref

	
i
1Qreaction 5

X
k5out

X
i

ni

�
HTref

T 1ΔHf;Tref

	
i

(2.16)

To compute the enthalpy of the components, the Hess principle holds

(see Fig. 2.14). Alternatively it can be computed using heat of combustion of

the species.

• Polytropic compression. We compute the work involved by integrating

Eq. (2.17). Typically, a compression ratio not larger than 4 or 5 is used

based on rules of thumb.

W52

ð
PdV; PVγ 5 cte (2.17)

W ðCompÞ5 ðFÞU 8:314UkUðTin 1 273:15Þ
ððMWÞ � ðk2 1ÞÞ

1

ηs

Pout

Pin

� �k21
k

21

 !
(2.18)

• Adiabatic energy balance:

X
j2 in

X
i

HðTÞ1Qin 1Qgen 1Win 5
X
k2 out

X
i

HðTÞ1Qout 1Qlosses 1Wout (2.19)

2.4.1.3 Equilibrium relationships
2.4.1.3.1 Chemical equilibrium

To compute the composition of a stream under chemical equilibirum, the

equilbrium constants can be formulated as a function of pressures. In this case

we talk about apparent constants, or as a function of the fugacity, if the data

FIGURE 2.14

Hr at temperature T.
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are available. For simplicity, we present two examples where as a function of the

partial pressures:

a. There is no variation in the number of moles (CO1H2O2H21CO2),

kpWGS 5
PH2

PCO2

PCOPH2O

5
yH2

yCO2

yCOyH2O

5
nH2

nCO2

nCOnH2O

5 expð23:7981 4160=TÞ (2.20)

b. There is variation in the number of moles (CH41H2O23H21CO),

kpSR 5
P3
H2
PCO

PCH4
PH2O

5
y3H2

yCO

yCH4
yH2O

P2
t 5

n3H2
nCO

nCH4
nH2On

2
TOT

P2
t 5 expð30:422 27106=TÞ (2.21)

2.4.1.3.2 Phase equilibrium

Gas�liquid equilibrium
Humidification
Molar moisture (Dalton’s Law):

ym 5
Pv

PT 2Pv

5
ϕPsat

v

PT 2ϕPsat
v

(2.22)

Specific moisture:

y5
Mwcond

Mwdryair

Pv

PT 2Pv

5
Mwcond

Mwdryair

ϕPsat
v

PT 2ϕPsat
v

(2.23)

Relative moisture:

ϕ5
Pv

Psat
v

(2.24)

Vapor pressure for water: Antoine correlations. We can extend it to other

species such as ammonia, methanol, etc.

lnðPv ðmmHgÞÞ5 18:30362
3816:44

227:021T ð�CÞ (2.25)

Specific volume:

v5
RT

P

1

Mwg

1
y

Mwv

� �
(2.26)

Heat capacityðper kg of dry airÞ5 cp;g1cp;vy (2.27)

Enthalpyðreference temperature 0�C5 ðcp;g1cp;vyÞT1λT50�C �y (2.28)

Flash Calculations We formulate the mass balances and the equilibrium

relationships as follows:

F5V 1 L (2.29)
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Fzi 5Vyi 1Lxi (2.30)

yi 5Ki xi (2.31)

where F, V, and L are the flows; and zi, yi, and xi are the molar fractions of

component i in the feed, the vapor phase, and the liquid phase, respectively. Ki is

the equilibrium constant computed as Pv/Ptotal, Raoult’s Law. Combining the

equations (i corresponds to noncondensables, j are the condensables):

yi 5
zi

V
F
1 12 V

F


 � � 1
Ki

� 	 (2.32)

xi 5
zj

ðKj 2 1Þ � V
F


 �
1 1

(2.33)

Kic155.VUyi � FUzi
Kj{155. LUxi � FUzj

55-yi 5
fi

V
5

fiP
fi
; xi 5

yi

Ki

5
fi

Ki �
P

fi
(2.34)

This simplification holds if there are no K values from 0.1 to 10. The gas

composition of the condensables and uncondensables is given by:

li 5 LUxi 5
fi �
P

fj

Ki �
P

fi
(2.35)

vi 5 fi 2 li 5 fi 12

P
fj

Ki

P
fi

� �
(2.36)

The liquid composition of the condensables and uncondensables is given by:

vj 5
Kj � fj �

P
fiP

fj
(2.37)

lj 5 fjU 12
Kj �
P

fiP
fj

� �
(2.38)

Distillation Columns The operation is based on the differences in the relative

volatility of the species (Fig. 2.15). The computation of the dew and bubble

points is carried out as per Eqs. (2.39) and (2.40):

Dew points,

1

PT

5
Xn
i51

yi

Pv;i
(2.39)

Bubble points,

PT 5
Xn
i51

xiPv;i (2.40)

where P is the pressure, x is the molar fraction in the liquid phase, and y is the

molar fraction in the gas phase.
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The operation of the column is characterized by the number of stages

(see Eq. 2.41) and the minimum reflux ratio that allows the operation (Eq. 2.42).

Typically, the operating reflux ratio is around 1.1�1.5 times the minimum:

Minimum number of trays:

Nmin 5

log
xi;D

12 xi;D

� �
12 xj;W

xj;W

� �� �
log αij

(2.41)

Minimum reflux ratio (Fenske Equation):

L

D

� �
min

5Rmin 5
1

αij21

xi;D

xi;F
2αij

ð12xi;DÞ
ð12xi;FÞ

� �
(2.42)

where α is the relative volatility, x is the molar fraction of distillate, D, W, of resi-

due, feed, F, and L is the liquid flow returning to the column as reflux. The actual

number of trays can be easily computed based on the McCabe iterative procedure.

We perform mass balances to the column as given by Eqs. (2.43) and (2.44):

Global balance to the column:

F5D1W (2.43)

Balance to the most volatile component:

F �xf 5D �xD 1W �xw (2.44)

The operating lines in both sections of the column are computed by performing

mass balances to the condenser and the reboiler section, including them. For the

rectifying section:

Vn 5Ln211D (2.45)

FIGURE 2.15

Distillation column temperatures.
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Vnyn 5 Ln21xn21 1D �xD-yn 5
Ln21

Vn

xn:21 1
D

Vn

xD (2.46)

To obtain the operating line for the stripping section, Eqs. (2.47) and (2.48)

are used:

Vm 5 Lm21 �W (2.47)

Vmym 5Lm21xm21 1Wxw-ym 5
Lm21

Vm

xm21 1
W

Vm

xW (2.48)

Assuming that there is no change in the total flow across the column based on

the small mass transfer rate from the liquid phase to the vapor phase, the operating

lines become:

yn 5
L

V
xn:21 1

D

V
xD (2.49)

ym 5
L0

V 0 xm21 1
W

V 0 xW (2.50)

The feed can be in different aggregation states as compressed liquid, saturated

liquid, a vapor liquid mixture, saturated vapor, and superheated vapor. We define

the liquid and vapor fractions as ΦL and ΦV, respectively:

ΦL 5
L0 2L

F
(2.51)

ΦV 5
V 2V 0

F
(2.52)

Thus the feed line, q line, is given by:

q5
ΦV 2 1

ΦV

xn:1
1

ΦV

xf (2.53)

Alternatively, Gilliland’s equation, Eq. (2.54), can be used, where R is the

reflux ratio (L/D) and N the number of trays:

N2Nmin

N11
5 0:75 12

R2Rmin

R11

� �0:5688" #
(2.54)

Absorption Columns The operation is based on the gas�liquid equilibrium.

To evaluate it, we consider two alternatives, whether ideal (Raoult’s Law) or non-

ideal (Henry’s Law) hold:

Raoult’s Law (ideal),

yAPT 5 xAPv;A (2.55)

Henry’s Law (nonideal),

yAPT 5HC (2.56)
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where y and x are the molar fractions of A in the vapor and in the

liquid phases, PT is the total pressure and Pv;A the vapor pressure, C repre-

sents concentration, and H is Henry’s constant. From a mass balance

LUxo 1Vy2 5 Lx1 1VUy1 and Henry’s Law y1 5Hx1,

yn11 2 y1

yn11 2Hxo

� �
5

An11 2A

An11 2 1
with A5

L

V
U
1

H
(2.57)

Thus the theoretical number of trays is computed as follows

(Kremser�Brown�Sounders):

Nmin 5

log
yn11 2Hxo

y1 2Hxo

� �
A2 1

A

� �
1

1

A

� �
log A

(2.58)

Gas Law Throughout the text we will consider the behaviors of the gases as

ideal (Eq. 2.59). However, operating at high pressures different thermodynamic

models may be needed, including compressibility factors or more complex ones

such as Peng Robinson, etc.
PV 5 nRT (2.59)

Liquid�liquid equilibrium
Partition coefficient is given by:

ki 5
CE;i

CR;i
(2.60)

where C is the concentration of component i in the extracted phase, E, and in

the refinate, R. Triangular diagrams will also be used in the text.

2.4.1.4 Mass, heat, and momentum transfer
A number of units such as membranes, evaporators, and the flow in reactor pipes

will be analyzed using principles of mass, heat, and momentum balances.

Mass transfer:

Molecular: Ficks Law Convective interphase

NA 52DAA
dCA

dz
(2.61) NA 5 kcAðC�

2CÞ (2.62)

Heat transfer:

Molecular: Fourier’s Law Convective interphase

q52kA
dT

dz
(2.63) Q5UAΔT (2.64)
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Momentum transfer:

Newton’s Law: Flow in pipes (Newtonian) Darcy’s Law: Flow through porous media

τ52μ
dv

dz
(2.65) v52

K

μ
dp

dz
(2.66)

2.4.1.5 Kinetics and reactor design
Reactors are modeled using differential mass and energy balances. Furthermore,

for plug flow or packed bed reactors, pressure drop is another variable. Here we

briefly present the equations used to model a batch reactor, such as bioethanol

production or packed bed reactors, like the ones in ammonia, methanol, or sulfu-

ric acid production (see chapters: Nitric acid, Sulfuric acid, Biomass). The bal-

ances are based on differential mass and energy balances:

In flow1Generation� Out flow5Accumulation (2.67)

2.4.1.5.1 Batch reactors

Mass balance:

ð2rAÞ52
1

V

dNA

dt
(2.68)

Energy balance:

NAo

Xn
i51

Θicp;i 1XΔcp

 ! !
dT

dt
5UAðTa 2 TÞ1 ð2 rAÞ ΔHRðTRÞ1

ðT
TR

ΔcpdT

2
4

3
5 (2.69)

2.4.1.5.2 Plug flow/packed bed reactors

Mass balance:

2
dFA

dW
5 ð2rAÞ (2.70)

Energy balance:

FAo

Xn
i51

Θicp;i1XΔcp

 !
dT

dW
5UAðTa 2 TÞ1 ð2rAÞ ΔHRðTRÞ1

ðT
TR

ΔcpdT

2
4

3
5 (2.71)

Ergun Equation:

dP

dW
52

Gð12φÞð11 εXÞ
ρbAcρogcDpφ3

150ð12φÞμ
Dp

1 1:752G

� �
Po

P

T

To
(2.72)
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2.4.1.6 Design equations for the units
There are a number of books within the chemical engineering field that gather design

rules of thumb for a large number of equipment types that help estimate energy con-

sumption, operation of gas�liquid contact equipment, etc, eg Walas (1990).

Putting together the equations results in a large and nonlinear problem that

can be solved using state-of-the-art software and solvers such as GAMS,

gPROMS, and MATLAB.

2.4.2 MODULAR SIMULATION

This is the case for commercial software such as CHEMCAD or ASPEN plus,

which have the units modeled as modules. Any time a property (ie, density,

enthalpy, etc.) must be computed, a thermodynamic package is called that returns

the value. The best performance for this software is the sequential solution of the

flowsheet, since the models for each unit are very efficient and connecting them

is easy. Dealing with recycling involves tearing of the streams. This technique

can be automatic within the software, or can be done iteratively. For instance, for

a flowsheet like the one given by Fig. 2.16, we compute stream 2, guess stream

60, compute 3, 4, 5, and 6, and iterate until 60 5 6.

2.5 OPTIMIZATION AND PROCESS CONTROL
Industrial processes must be profitable, and that requires optimization of the use

of raw materials and energy. It is not the aim of this book to present the use of

optimization for the design of chemical processes since there are a number of

works better suited (Biegler et al., 1997). However, it is necessary to familiarize

the reader with the existence and current use of mathematical optimization techni-

ques in decision-making as a way to unveil nonobvious trade-offs. Furthermore,

process control also deals with feasible operation of processes. Therefore, a

process that is unstable or difficult to control is of no use in the chemical

industry. We refer the reader to those courses and textbooks that address these

issues in detail.

FIGURE 2.16

Modular simulation: Tearing process.
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2.6 SAFE PROCESS DESIGN
The chemical industry suffers from a number of risks due to the practices

and species that are involved (Trenz, 1984). In particular, the main safety

problems are related to leaks, either energy or mass leakages, fire, explosion,

or uncontrolled chemical reactions. There are two concepts that we must

define: hazard and risk. Hazard represents the source of danger. It is what can

cause the accident. Risk measures the probability and the consequences of the

accident. In other words, the possibility that an accident occurs from a particular

danger, and that it causes damages and injuries, as well as impact. Thus we

can compute:

Risk5Frequency �consequences (2.73)

Typically, the main reasons for accidents in the chemical industry are related

to mechanical problems in the units; up to 44% of accidents are due to this fact.

Twenty-two percent of accidents are because of operator error, while 12% are

of unknown cause. The fourth major reason, which accounts for 11% of ocur-

rences, is due to problems in the process. On the other hand, only 1% is due to

sabotage or arson. Fig. 2.17 shows these numbers. The hardware involved in the

accidents is, in most of the cases, the piping system (up to 28% of the times).

Seventeen percent of accidents are due to storage tanks, 10% due to the piping

system of the reactor, and 5% due to holding tanks. In general, the storage

of chemicals represents a major danger. Fig. 2.18 shows the main hardware

involved in accidents.

FIGURE 2.17

Reasons behind accidents in the chemical industry.

Data courtesy of Dr. Santoso.

50 CHAPTER 2 Chemical processes



With this information at hand, industry has worked hard from different points

of view to address safety issues. They can be classified into two approaches

(Trenz, 1984).

Traditional approach: When a process is already out there, there is not much

that can be done to change it. Mitigation and prevention measures are the most

effective techniques.

Current approach: It is called inherently safe design. Safety is another criteria

along the decision-making process that leads to the design of a process. The basic

idea is to remove the sources of danger. It is based on the talk that Trevor Klentz pre-

sented to the Society of Chemical Industry in 1977. In consists of four main pillars:

1. Minimization (Intensification): This involves reducing the use of dangerous

species and storage as well as using smaller equipment. Following these ideas,

we reduce the consequences of potential explosion fires and leakages of toxic

materials, which improves the effectiveness of protective systems.

2. Substitution: The idea is to use safer materials (less or nonflammable) and less

or nontoxic species. In this substitution we have to evaluate whether the new

material or species may cause or be responsible for new hazards.

3. Moderate: Most of the time it is not possible to substitute the dangerous

materials. Thus, we should try to reduce the quantity of energy available

within the process, and use smaller storage tanks and less severe process

conditions.

4. Simplify: The simpler the process, the smaller the possibility for anything to

fail. The smaller the amount of equipment, the fewer units that can fail, and

the fewer opportunities for human error.

FIGURE 2.18

Equipment involved in accidents in chemical plants.

Data courtesy of Dr. Santoso.
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Based on these principles, we follow a procedure to implement them along

with the design of a novel process. Typically, there are three moments along the

plant design when we take into account safety considerations in process design

decisions, as seen in Fig. 2.19.

2.6.1 PRELIMINARY HAZARD REVIEW

The first moment when safety must be included in the decision-making process

for process design is during the feasibility study. At this point we should do the

following:

List the process alternatives as a function of their safety.

Review the consequences on employees, the public, and the environment.

Review the impact of loss of utilities.

Compute the DOW index of fire and explosion. The DOW index is a

quantitative method that provides an objective measure of the actual fire,

explosion, and reactivity potential of the equipment and its content. It can

help define the areas of potential losses.

DOW5Material factor �Process Unit hazard factor

Material Factor corresponds to the intrinsic rate of potential energy release

caused by fire or explosion produced by combustion or chemical reaction.

Process Unit Hazard Factor incorporates all factors that are likely to

contribute to the occurrence of fire or explosion incidents. The ranking is

given below:

1�60 Light

61�96 Moderade

97�127 Intermediate

128�158 Heavy

$ 159 Severe

Needs
analysis

Feasibility
study

Preliminary

hazard

review

Preliminary
engineering

Basic
engineering Execution Qualification Close-out

Process Detailed

hazard

review

hazard

review

FIGURE 2.19

Safety integration in process design.
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2.6.2 PROCESS HAZARD REVIEW (PRELIMINARY ENGINEERING)

When the flowsheet is being put together, the next safety evaluation must be

carried out considering the following factors:

Identification of safe operating limits.

Identification of causes of unacceptable hazards.

Mitigation of any unacceptable risks in the design.

2.6.3 DETAILED DESIGN REVIEW (BASIC ENGINEERING)

At this point, the aim is to identify potential problems associated with safety,

reliability, and operability (HAZOP). Critical hazards, if identified, shall be

quantified to ensure acceptable low risk. Design must be checked against all

internal company standards to ensure compliance.

The HAZOP is a structured technique to identify hazards resulting from

potential malfunctions in the process. However, it is essentially a qualitative

process (see Fig. 2.20). The advantage of using it is that if performed early

FIGURE 2.20

Hazop analysis flowchart.
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enough in the design stage, costly modifications after the plant is built can

be avoided.

The typical composition of the HAZOP team to carry out the analysis consists

of process engineers, chemists, design engineers, instrumentation engineers,

production supervisors, and safety and environmental engineers.

Process design has to handle all the possible operating conditions, not only

those ideal or typical, including startup, shutdown, process upsets, seasonal

changes in the incoming raw materials, and atmospheric conditions. Therefore, it

must be tested to validate it at different scales, from plant trials to pilot plant or

laboratory scale, so that the design specifications are met. A workplace is a safe

place, but it is not only for safety reasons that we must consider safety issues

during process design; safe designs save money.

2.7 PROCESS SUSTAINABILITY
Sustainable development is a production model by which satisfying the needs of cur-

rent society still maintains the rights of future generations to continue satisfying their

needs. Reaching this level of thinking and compromise has been possible due to the

current concern for the environment and our legacy to future generations. It repre-

sents an equilibrium between the profitable operation of the process, its social accep-

tance, and its considerations for environmental protection. In this way, three pillars

support the entire production scheme. On the one hand, we aim to preserve the

nature and environment. Furthermore, economic sustainability aims for an efficient

use of raw materials and support for the use of renewable ones. Finally social sus-

tainability aims for dignity and respect for human rights in the market economy con-

text. Therefore, we deal with a multiobjective problem that was to be applied to the

entire supply chain, not only to a particular process. Novel metrics have been devel-

oped of late to account for these three pillars in the context of process design and the

chemical supply chain. While economic evaluations are a widespread practice in

the chemical industry, LCA has recently been developed to include environmental

effects into the analysis, and models like Jobs and Economic Development Impact

(JEDI) account for the effect of the process on the economic growth of the region.

As in the previous case for the safety of a plant, there are two main

approaches to deal with the wastes generated in a chemical facility:

2.7.1 INTEGRATED PRODUCTION�PROTECTION STRATEGY

This approach is to be applied during process design. At this point it is possible

to remove the source of pollution, and recycle byproducts and wastes within the

process, in spite of the small amounts produced. Furthermore, we aim for high

conversions and yield, improving the efficiency in the use of raw materials.

Another possibility is to evaluate the process for changes in the species that

improve the yield and reduce the wastes. In this section energy integration plays
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an important role in order to reuse the excess of energy while reducing the need

for external energy input. Together with this integration, process intensification is

gaining attention as a means to reduce equipment size. Furthermore, waste treat-

ment should be considered in the economic evaluation as a way to stress the need

to reduce the emissions and waste produced.

Novel design approaches including process modeling & optimization and

research & development to improve each one of the stages are the methods of

choice to perform this integrated approach. Dealing with different objectives and

evaluating nonobvious trade-offs is a complex task that traditional schemes were

not able to deal with.

2.7.2 MITIGATION STRATEGY

Whenever it is not possible to implement the previous approach, one or more of

the following methods is typically attempted: waste treatment, wastewater treat-

ment, gas treatment, sour gases capture, or solid waste management. All of these

measures are expensive, they do not remove the source, and therefore they

are not capable of avoiding the problems that persist. However, this approach is

usually less capital intensive.

2.8 PROBLEMS
P2.1. Determine the minimum consumption of hot and cold utilities for the

steams in Table P2.1.

P2.2. Determine the minimum consumption of hot and cold utilities for the

steams in Table P2.2.

Table P2.1 Stream Data

Streams Q (kW) Tin (�C) Tout (�C)

A 800 60 160
B 500 116 260
C 300 160 93
D 800 255 138

Table P2.2 Stream Data

Streams Fcp (kW/�C) Tin (�C) Tout (�C)

C1 15 360 600
C2 12 300 450
H1 11 600 320
H2 15 540 320
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P2.3. A mixture of methanol (Tb5 64�C), ethanol (Tb5 78�C), propanol
(Tb5 97�C), and butanol (Tb5 117�) with αMet/Et5 2, αEt/Prop5 1.9, and

αProp/butanol5 3.5 is to be separated into pure components. The molar

rates (mol/s) are 6, 20, 5, and 4, respectively. Determine the optimal

distillation sequence for ethanol as the main product.

P2.4. A five-component mixture, ABCDE, in order of decreasing volatility, is

to be separated. The total flow rate is 1 kmol/s, and the composition is as

follows (A B C D E)5 (0.2 0.4 0.1 0.1 0.2):

Regular distillation,

αAB52; αBC51:7; αCD51:5;αDE51:04 ðABCDEÞ;

Extractive distillation,

αAC52:5;αAB52:4;αCB52;αBD52;αDE51:7 ðACBDEÞ:

P2.5. A mixture of four species needs to be fractionated. Determine the optimal

sequence of columns. Two alternative technologies are available: regular

distillation and extractive distillation. The initial flowrate is 1000 mol/h

and the composition in molar fraction is as follows: A5 0.1; B5 0.2;

C5 0.3; and D5 0.4. Additional data for the example:

Regular distillation,

αAB52;αBC51:5;αCD51:02; ðABCDÞ;

Extractive distillation,

αAB 5 2:1;αBC 5 1:5;αCD 5 1:4 ðABCDÞ:

P2.6. Determine the minimum approximation temperature among the hot and

cold streams so that the cold utility removes 1370 kW and the hot utility

provides 390 kW for the streams in Table P2.6.

P2.7. Determine the minimum utilities consumption considering ΔT5 10�C
for the streams in Table P2.7.

Table P2.6 Stream Data

Streams Fcp (kW/�C) Tin (�C) Tout (�C)

C1 15 360 600
C2 12 300 450
H1 11 600 320
H2 15 540 320
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P2.8. Determine the utility requirements for the system represented in

Fig. P2.8. The hot composite and the cold composite curves are given as

(-) and (--), respectively. Assume ΔT5 25 K.

P2.9. Determine ΔT for the system in Fig. P2.9 if the hot utility provides

1000 kW. In the figure (-) represents the hot composite curve, and (..),

the cold composite curve.

Table P2.7 Stream Data

Streams Fcp (kW/�C) Tin (�C) Tout (�C)

C1 2 20 135
C2 4 80 140
H1 3 170 60
H2 1 150 30

FIGURE P2.8

T�Q diagram.
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P2.10. Determine the sequence of distillation columns required to separate a

mixture of six components A�F into individual species. The molar flows

are 15, 5, 20, 25, 55, and 10 kmol/h, respectively, and the order of

volatilities is ABCDEF from higher to lower. The relative volatilities

are as follows:

αAB 5 1:05;αBC52:5;αCD51:85;αDE51:9;αEF 5 2:5

αAB;extractive51:05

P2.11. Determine the sequence of distillation columns required to separate a

mixture of six components A�F into individual species. The molar

flows are 40, 5, 10, 25, 30, and 45 kmol/h, respectively. The order

of volatilities is ABCDEF from higher to lower. The relative volatilities

are as follows:

αAB 5 1:05;αBC 5 2:5;αCD 5 1:05;αDE 5 1:8;αEF 5 2:5

αAB;extractive 5 1:7;αCD;extractive 5 1:8

P2.12. Compute the minimum requirement of utilities and design the optimal

network among a set of cold (C) and hot (H) streams in Table P2.12.

FIGURE P2.9

T�Q diagram.
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CHAPTER

3Air

3.1 INTRODUCTION

3.1.1 COMPOSITION

Air is a plentiful raw material. Its composition includes nitrogen, oxygen, and

noble gases (such as argon). Technically, air is assumed to have a composition

of 79% nitrogen and 21% oxygen, as well as the moisture corresponding to the

weather conditions. A more detailed composition can be found in Table 3.1. This

composition can be altered by electric discharges so that certain molecules (such

as H2O, N2, O2, and CO2) are dissociated and others formed (such as C2H2,

H2O2, O3, HNO3, NH3, NH4NO3, and NH4OH). These species can be used as

nitrogen fertilizer when it rains, but it is not enough to cover all needs.

3.1.2 USES

Air can be used as a comburant, as itself, or as a source of oxygen. The second

main use is as a raw material for the production of N2, O2, and noble gases.

Wastewater treatment is another alternative use. Air is bubbled in the pools of

water treatment plants to decompose organics. Finally, it is possible, under the

proper operating conditions, to produce NO as an intermediate in the production

of HNO3. For the production of NO we need high temperatures and fast cooling

of the products. From NO, NO2 is obtained via oxidation, and is later absorbed

into water to produce HNO3.

Nitrogen is a colorless, odorless, tasteless, nontoxic, and relatively inert gas.

It does not sustain combustion or respiration, but it can react with metals such as lith-

ium and magnesium to obtain nitrides. Furthermore, at high temperatures it combines

with hydrogen, oxygen, and other elements. At atmospheric pressure, it condenses at

77.3K as a colorless liquid, and solidifies at 63.1K in the form of white crystals. As a

cryogenic liquid, it is nonmagnetic and stable against mechanical shock.

It represents 78% of the atmosphere, but its weight contribution is small,

0.03% with respect to the mass of water and Earth. It can also be found as Chile

saltpeter or Peru saltpeter. In order to use nitrogen in synthesis, purity over 99.8%

is required. The main uses are the production of NH3, CaCN2, NaCN, or as an

inert gas to pressurize aircraft tires, and purge pipelines, reactors, and storage
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tanks. As a liquid, it can be used to capture CO2 and in medical applications

(Hardenburger and Ennis, 1993; Häussinger, 1998).

Oxygen is a colorless, odorless, tasteless, nontoxic gas. At atmospheric

pressure it condenses at 90.1K as a blue liquid, and solidifies at 54.1K to form

blue crystals. It is less volatile than nitrogen and thus it is obtained from the

bottom of air distillation columns.

It is the more abundant species, representing 50% of the atmosphere, water,

and cortex weight. High purity oxygen (above 99.5%) is used in metal cutting

and welding. Lower purity oxygen (85�99%) and enriched air (below 85%) can

be used as oxidants, to produce C2Ca, for the partial oxidation of methane to

syngas, for the catalytic production of HNO3 from ammonia, for the oxidation of

HCl to Cl2, or as a bleach in the production of paper. Oxygen supports life and is

used in water treatment (Hansel, 1993; Kirschner, 1998).

Noble gases are typically used to fill light bulbs, fluorescent pipes, and electronic

devices. For instance, argon is used in metal welding as an inert atmosphere.

Helium can be used in stratospheric balloons and diving apparatuses.

3.2 AIR SEPARATION

3.2.1 HISTORY

For centuries air was considered a gas element. In 1754 Joseph Black identified

what he called “fixed air” (CO2), so-called because it could be returned, or fixed,

into the sorts of solids from which it was produced. Later, in 1766 Henry

Cavendish produced a highly flammable substance that was eventually named

hydrogen by Lavoisier. The word has its roots in its Greek meaning, “water

maker.” Finally, in 1772 Daniel Rutherford found that when he burned material in

a bell jar, and then absorbed all the “fixed” air by soaking it up with a substance

called potash, a gas remained. Rutherford referred to it as “noxious air” because it

asphyxiated mice placed in the jar. This gas was what we today call nitrogen. The

Table 3.1 Air Composition

Chemical Volume Fraction Mass Fraction

Nitrogen 78.14 75.6
Oxygen 20.92 23.1
Argon 0.94 0.3
Neon 1.53 1023 13 1023

Helium 53 1024 0.73 1024

Krypton 13 1024 33 1024

Hydrogen 53 1025 0.353 1025

Xenon 13 1025 43 1025
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series of experiments culminated in 1774 when Joseph Priestley, inventor of

carbonated water and the rubber eraser, found that “air is not an elementary sub-

stance, but a composition,” or mixture, of gases. Using a 12-inch-wide glass “burn-

ing lens,” he focused sunlight on a lump of reddish mercuric oxide in an inverted

glass container placed in a pool of mercury. The gas emitted was “five or six times

as good as common air.” In subsequent tests, it caused a flame to burn intensely

and kept a mouse alive about four times as long as a similar quantity of air.

Priestley called his discovery “dephlogisticated air” based on the theory that it sup-

ported combustion so well because it had no phlogiston in it, and hence could

absorb the maximum amount during burning. It was the French chemist Antoine

Lavoisier who coined the name “oxygen”(American Chemical Society, 1994).

From the discovery of the components of air, research on gases continued.

A number of important dates highlight key developments in the processes to

liquefy and separate the components of air. For instance, the Joule-Thompson

(Kelvin) effect was discovered in 1853 when it was realized that a compressed gas

cools down when it expands, typically 0.25�C per atmosphere. There are some

exceptions, such as hydrogen. In 1863 the concept of critical temperature was

defined as the temperature above which it is not possible to liquefy CO2 by com-

pression. In 1877 James Dewar, in Faraday’s laboratory, liquefied hydrogen. At the

same time in Switzerland and France, oxygen was also liquefied. In our simplified

review of history we reach 1895, when Karl von Linde proposed a procedure to liq-

uefy air by isothermal compression followed by isobaric cooling and expansion.

A number of modifications of this basic idea allowed higher yields.

3.2.2 CLASSIFICATION OF AIR SEPARATION METHODS

A. Physical separation
• Cryogenic:

• Air distillation

• Noncryogenic:

• Adsorption on molecular sieves

• Diffusion across membranes

B. Chemical separation
This consists of reacting one of the components so that it is fixed. In this case the

most reactive component is the O2, and thus we obtain oxygen combined as a

product and N2 as a byproduct.

3.2.2.1 Physical separation
3.2.2.1.1 Cryogenic methods: air liquefaction and distillation

In order to separate air via rectification, a part of it should be liquid. We can only

do that below the critical point, Tcrit5 132.5K and pcrit5 37.7 atm. The thermody-

namic data show that air condenses at 81.5K (2192�C) at 1 atm, while if the
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pressure is increased up to 6 atm, it only has to cool down to 101K (2172�C).
Remember that cooling 1 kg of air from 15�C to 2196�C requires 415 kJ (Vian

Ortuño, 1999). The evaluation of air liquefaction can be performed using several

phase diagrams for air. In this chapter, process simulations will also be used for

one particular case study. Bear in mind that liquid air must be handled with care.

Liquid air burns the skin if it is in contact for a period of time. If the contact time

is short, the quick evaporation of the liquid due to the skin’s temperature protects

the skin—the Leidenfrost principle (Agrawal et al., 1993).

Hausen diagram: It represents temperature on the y-axis versus entropy on the

x-axis (Hausen, 1926). It has parametric lines for pressure and enthalpies. Below

the bell line the gas�liquid mixtures can be seen. This is the region for air lique-

faction. See Fig. 3.1.

FIGURE 3.1

Hausen diagram.

Adapted with permission from: Hausen, 1926.

Hausen, H., 1926. Der Thomson-Joule-Effekt und die zustandsgrossen der Luft. C. Forsch.

Arb. Ing.-Wes. Heft 274.
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Mollier diagram. This diagram dates back to 1904 when Richard Mollier plotted

the total heat versus entropy. There are parametric lines for pressure and tempera-

ture, and discontinuous lines for constant specific volume. See Fig. 3.2.

The liquefaction process. This process, devised by von Linde, consists of four

basic steps. First, the gas is compressed isothermally. Next, it is cooled down at

constant pressure. The gas is then expanded, and finally, the gas and liquid phases

are separated.

FIGURE 3.2

Mollier’s diagram.

Adapted with permission from: Vancini, C.A., 1961. La sintesi dell’ammoniaca, Hoepli, Milano.
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1. Compression. This represents the only work input to the system. From basic

thermodynamics it can be proved that the minimum theoretical isothermal

work assuming ideal gases is given by:

W 5ΔH2ToΔS52

ð2
1

PdV 5RTo ln
P2

P1

� �
(3.1)

2. Isobaric cooling. The noncondensed fraction of the stream is used to cool

down the compressed gas.

3. Expansion. There are several alternatives to expand the gas phase. Karl von

Linde in 1895 proposed the use of a valve. This expansion occurs at constant

enthalpy. Later, in 1902, George Claude used an isentropic expansion,

wherein a large volume contraction occurs. The work generated in this

expansion can be estimated using Eqs. (3.2) and (3.3):

W 5ΔH2ToΔS52

ð2
1

pdV 5PVk 5K (3.2)

W 5
nR �k � ðTÞ
ððk21ÞÞ

1

ηc

Pout

Pin

� �k21
k

21

 !
; (3.3)

However, k is not constant, and thus the use of diagrams makes the

computation of the work easier.

4. Phase separation. The nonliquid phase is recycled and its energy integrated to

cool down the compressed air.

There are two variables that determine the efficiency of the liquefaction cycle.

On the one hand, the air has to be compressed to ensure that we enter the two-

phase region upon expansion (see Fig. 3.1). The work involved is the energy that

the cycle consumes, and is given by Eq. (3.4):

W 5ΔH2ToΔS5RTo ln
P2

P1

� �
(3.4)

On the other hand, the cooling obtained in the expansion along a constant

enthalpy line could be estimated using Linde’s equation, Eq. (3.5), where k has

an average value of 2�104 bar21�K:

ΔT 5 k
P2 2P1

T2
(3.5)

Therefore, we are interested in a high-pressure difference, ðP2 2P1Þm, and
low-pressure ratio,

P2

P1

� �
k

A simple computation for two cycles with the same pressure difference and

different pressure ratio results in large energy savings (see Table 3.2). The first

option consumes 3.6 times more energy.
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EXAMPLE 3.1

Check the use of Linde’s equation ΔT 5 k
P2 2P1

T2
1

� �
for an isenthalpic

expansion with k5 2�104 atmK, P [5] atm and T [5] K.

Solution
Take the enthalpy line of 90 kcal/kg. For different expansions, compute the final

temperature (T2) using Linde’s equation. This value is compared to the one we

read in Hausen diagram. Using the actual value for T2, we compute the actual

value for k. Table 3E1.1 shows the results. We see that the theoretical value for

k5 20,000 atmK is only valid in specific regions along the isenthalpic line.

Linde�Hampson air liquefaction cycle
Description The simplest alternative is a cycle comprising the four stages

described earlier. Fig. 3.3 shows the flowsheet for the system. First, an isothermal

compression from 1 to 2. Second, the compressed air is cooled down at constant

Table 3.2 Energy Consumption in Linde’s Cycle

Cycle 1 Cycle 2

P1 (atm) 1 50
P2 (atm) 150 200
P2/P1 150 4
P22P1 (atm) 150 150
Energy (J) 360 100

Table 3E1.1 Results

T1

(K)
P1

(atm)
P2

(atm)
T2

(eq)
T2

(diagram)
k
real

h5 90 kcal/kg 233 200 150 214.5801 226 7600.46
226 150 100 206.4213 214.5 11,747.48

214.5 100 80 205.8063 210 10,352.31
210 80 60 200.9297 200 22,050
200 60 40 190 190 20,000
190 40 30 184.4598 185.5 16,245

185.5 30 20 179.6878 180 18,925.64
180 20 10 173.8272 173.6 20,736

173.6 10 5 170.2818 170 21,698.61
170 5 2 167.9239 168.2 17,340

168.2 2 1 167.4931 168.2 0
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pressure in a heat exchanger using the nonliquid fraction as cooling agent. Once

the compressed air is cold enough, it is expanded through a valve, typically down

to atmospheric pressure. The air is then laminated into a liquid and a gas phase.

If we now describe this cycle on the Hausen diagram, we start with atmospheric

air at 300K and 1 atm at point 1.

The atmospheric air is compressed from 1 atm to 200 atm at constant

temperature, point 2 in Fig. 3.4 for the Hausen diagram or Fig. 3.5 for the Mollier

diagram. After each compression stage, the energy generated must be removed

from the system. Next, a heat exchanger is used to cool down the air from point 2

to point 3. Subsequently, the air is expanded in the valve until atmospheric pressure,

point 4. We now have a gas�liquid mixture that we separate, obtaining liquid air

(40) and gas air (4v) that is the cooling agent for the heat exchanger. Therefore, we

see that energy is integrated within our process. This process is also called the “sim-

ple regenerative cycle,” devised by Karl von Linde in 1895 in Munich. The actual

yield to liquid air is low (Kerry, 2007).

Analysis An energy balance is performed on the volume within the curved

cornered rectangle in Fig. 3.3. Using a basis of 1 kg we have:

1kg H2 5 f H40 1 ð12 f ÞH101q (3.6)

FIGURE 3.3

Linde’s block diagram.
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where f is the fraction of liquid air, q is the heat loss, and Hi is the enthalpy of

point i. Note that in cryogenic systems the energy losses correspond to the energy

that enters the system. Solving for f, we have Eq. (3.7):

f 5
H10 2H2 2 q

H10 2H40
(3.7)

FIGURE 3.4

Linde’s cycle in Hausen’s diagram.

FIGURE 3.5

Linde’s cycle in Mollier’s diagram.
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Under ideal operating conditions, the nonliquid air exits the process under the

same initial conditions that as it was fed into it.

H0
1 5H1 (3.8)

Furthermore, there should not be any losses (q5 0). Typically this means that

the heat exchanger is perfectly isolated. Therefore, the optimal fraction of liquid

air obtained would be as follows:

f 5
H12H2

H12H0
4

(3.9)

Thus, the energy for compressing the air is given by Eq. (3.10):

W 5ΔH2 ToΔS5 ðH2 2H1Þ2ToðS2 2 S1Þ (3.10)

where To is the feed temperature, which is supposed to be kept constant.

Alternatively, we can compute it as (PV5 constant):

W 5ΔH2ToΔS52

ð2
1

PdV 5RTo ln
P2

P1

� �
(3.11)

Note that there are a number of simplications:

• No pressure drops are considered in the analysis.

• When the air enters the two-phase region, an equilibrium is obtained and the

liquid phase gets more concentrated in the less volatile species while the gas

phase is enriched with the nitrogen; thus the exit streams do not have the same

composition.

• The compression should be carried out in a multicompression system where at

each stage the air is heated up and later cooled down. Thus, the path from 1 to

2 is not given by a straight line, but has peaks. Typically, the compression ratio

is 4�5 per stage, which avoids surpassing 204�C.

Let us illustrate the performance of the cycle with an example.

EXAMPLE 3.2

Compute the liquid fraction obtained in a Linde cycle considering:

• point 1 in Fig. 3.4 is at 27�C and 1 atm, and

• point 2 is at 27�C and 200 atm.

The air is expanded to atmospheric pressure.

Solution
Molliere’s diagram and Hausen’s diagram are used in the solution of this

example.
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Using Molliere’s diagram:

Look for the enthalpies and entropies of the different points of the cycle

in Fig. 3E2.1, corners in the cycle.

H15 122 kcal/kg S15 0.9 kcal/kgK

H25 114 kcal/kg S25 0.525 kcal/kgK

H40 5 22 kcal/kg S40 5 0.0 kcal/kgK

FIGURE 3E2.1

Reading of the air properties for example 3.2.

713.2 Air Separation



Thus, assuming ideal operation of the cycle, the liquid fraction

becomes:

f 5
H1 2H2

H1 2H40
5

1222 114

1222 22
5 0:08

kgliquidair

kgair

Next, compute the work using either the readings from the diagram:

W1-25 ðH22H1Þ2ToðS22S1Þ5 ð1142122Þ kcal
kg

2300Kð0:52520:9Þ kcal
kgK

5105
kcal

kg

Or the equations derived from the thermodynamic model:

W1-2 5 nRT ln
P2

P1

� �
5

1

29
U8:314U300Ulnð200Þ5 456 kJ=kg � 109 kcal=kg

We see that both values are similar, within the approximation error due

to our reading of the information on the diagram and the assumption of

ideal gas used in Eq. (3.11). The energy computed previously is referred to

one kilogram of initial air. If we refer the energy to the actual liquid

produced we have:

W1-2 5

105
kcal

kg

0:08
kgliquid

kgair

5 1325
kcal

kgliquid

The minimum in energy consumed is computed as that needed to liq-

uefy all the initial air, assuming constant temperature, since the energy pro-

vided to the system is an isothermal compression. The standard value is

To5 300K. Thus:

Wmin 5W1-40 5 ðH40 2H1Þ2ToðS40 2 S1Þ

5 ð222 122Þ kcal
kg

2 300 Kð0:02 0:9Þ kcal
kg K

5 170
kcal

kg

Therefore, the efficiency of the cycle is computed as the ratio between

the minimum work, and the work used per kg of liquid air obtained:

η5
Wmin

W1-2

5 0:13 � 13%

Using Hausen’s diagram:

In this case, the level rule is used to determine the temperatures before

and after the expansion, T3 and T4. Thus, calling F the feed, L the liquefied

air, and V the nonliquefied fraction, LF is the distance from point 4’ to 4

and FV, that from 4 to 4”.
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f � LF5 ð12 f Þ � FV

We measure on the diagram (Fig. 3E2.2) the distance between both

edges of the two-phase region, where LV5 6.5 cm. Thus, we solve for LF:

LF5
12 f

f
FV 5

12 f

f
ð6:52 LFÞ.LF5

12 f

f
6:5

11
12 f

f

5 5:98

Using the distance computed, we allocate point 4 in Fig. 3E2.2. Since

the expansion is isenthalpic, H35H4, equal to 66 kcal/kg. Alternatively,

we can compute the enthalpy by performing an energy balance to the phase

separator once the liquefied fraction is known:

1 kgUH4 5 f UH40 1 ð12 f ÞH4v 5 0:08U221 ð12 0:08ÞH4v

where H4v and H40 are equal to 70 kcal/kg and 22 kcal/kg, respectively. Thus:

H4 5 66 kcal=kg

FIGURE 3E2.2

Lever rule in Hausen’s diagram.

733.2 Air Separation



Just to close the loop we can perform an energy balance to the heat

exchanger to validate the heat integration.

1 kg � ðH2 2H3Þ5 ð12 f ÞðH10 2H40 Þ
1 kg � ð1142 66Þ5 ð12 f Þð1222 70Þ
48 � 47:84

EXAMPLE 3.3

Linde’s cycle with energy losses. Compute the liquefied fraction of a

system that corresponds to a modified version of example 3.2. In this case

the energy loss in the system is 2 kcal/kg and the temperature difference

(T1 � T10) is equal to 3�C.

Solution
According to any of the diagrams, H10 5 121.3 kcal/kg (24�C and 1 atm).

Performing an energy balance to the system:

f 5
H10 2H2 2 q

H10 2H40
5

121:32 1142 2

121:32 22
5 0:053

kgliquid air

kgair

As expected, the liquefied fraction is lower than in the ideal case.

Thus, the energy to liquefy a kg of air in this case becomes:

W1-2 5

105
kcal

kg

0:053
kgliquid

kgair

5 1981
kcal

kgliquid

And the efficiency is given by:

η5
Wmin

W1-2

5
170

1981
5 0:0858

The evolution of the liquefaction processes aims to increase the liquefied

fraction, improving the energy efficiency of the processes and reducing the cost

of investment. From the original Linde’s cycle, there are several modifications.

The first one considers the use of external cooling using ammonia. The cycle was

renamed as the Linde�Hampson cycle with precooling. It is based on the fact

that around 233�C the isenthalpic lines have a steeper slope. In Fig. 3.6 the
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flowsheet for the process and the scheme of the thermodynamic cycle are

presented. Ammonia is used to cool down the compressed air. Therefore, there

are three cooling steps. The first one cools the compressed air from room temper-

ature just a few degrees. Next, ammonia is used to save cooling capacity from the

nonliquefied fraction so that it is possible to cool the compressed air a bit further.

The third cooling step uses the nonliquefied fraction for the final cooling of the

compressed air to reach point 3 in the diagram. By doing this, the energy

extracted from the system in the evaporation of the ammonia is somehow saved

so that cold nonliquified air is still available to further reduce the temperature

of the compressed air.

The example here does not use either of the diagrams presented above,

but uses a process simulator, CHEMCAD, to compute the liquefied fraction.

FIGURE 3.6

Linde�Hampson cycle with precooling.
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EXAMPLE 3.4

Compute the liquefied fraction of a Linde�Hampson cycle with precooling

using ammonia.

Solution
It is not the aim of the book to introduce the reader to the use of software

for chemical engineering purposes; better textbooks can be found for that

purpose (Martı́n, 2014). Here we only present the stages needed to build

the flowsheet:

1. Format Engineering Units.

2. Select components: For CHEMCAD, air is considered as a component

in itself; we also select ammonia.

3. Thermodynamics: Select the thermodynamic model to compute the mass

and energy balances. In this case equations of state are recommended

by the simulator.

4. Drawing the flowsheet. Use the palette to the right to drag your units

from there to the main window. Bear in mind that the feeds and the

products are the arrows in the palette. The compression cannot be per-

formed in a single step since the pressure ration is large. We follow the

rule of thumb:

ffiffiffiffiffi
P2

P1

n

r
# 4

Thus, we use a four-stage compression system with intercooling.

The efficiency of the compressors is assumed to be 90%, and they operate

as polytropic ones. After each compression stage, the air is cooled down

again to the initial temperature, 300K.

The most challenging part for the simulation is the recycling of the

nonliquefied air. Since the energy balance must hold, we need to have cold

available in the nonliquified fraction to cool down the compressed air.

We use three heat exchangers that will allow two feeds and two products

each. The compressed air is the main stream, and as cooling agents we

have ammonia and the nonliquefied fraction. The intermediate heat

exchanger is the one using ammonia. Finally, we use a valve to reduce the

pressure up to 1 atm, and a flash to separate the liquid air from the nonli-

quefied fraction. Fig. 3E4.1 shows the flowsheet for the example.

Just for reference, Fig. 3E4.2A�C shows some of the characteristics of

the units involved: a compressor, a heat exchanger, and the flash unit.

The following table shows the results of the problem. We see that we

can liquefy up to 16% of the air, which is twice as much as the best value

presented so far in the text (Table 3E4.1).
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FIGURE 3E4.1

Linde�Hampson with precooling cycle simulation.

(A)

(B)

FIGURE 3E4.2

(A) Compressor unit. (B) Initial heat exchanger. (C) Flash.



(C)

FIGURE 3E4.2

(Continued)

Table 3E4.1 Results From the Linde’s Cycle With Precooling Simulation

Stream No. 7 16 17 6

Name

- - Overall - -

Molar flow kmol/h 0.0057 0.0023 0.0023 0.0288
Mass flow kg/h 0.1651 0.0400 0.0400 0.8349
Temp C 2194.6961 233.4446 233.4435 2194.6961
Pres atm 200.0000 1.0000 1.0000 1.0000
Vapor mole fraction 1.000 0.0000 0.7763 1.000
Enth MJ/h 0.0000 20.16831 20.12519 20.18522
Tc C 2140.7000 132.5000 132.5000 2140.7000
Pc atm 37.7400 112.7848 112.7848 37.7400
Std. sp gr. wtr51 0.862 0.619 0.619 0.862
Std. sp gr. air51 1.000 0.588 0.588 1.000
Degree API 32.6531 97.1314 97.1314 32.6531
Average mol wt 28.9510 17.0310 17.0310 28.9510
Actual dens kg/m3 880.5709 681.4407 1.1173 4.6153
Actual vol m3/h 0.0002 0.0001 0.0358 0.1809
Std liq m3/h 0.0002 0.0001 0.0001 0.0010
Std vap 0 C m3/h 0.1278 0.0526 0.0526 0.6464

EQUIPMENT SUMMARIES

Heat Exchanger Summary

Equip. No. 3 12 13

Name

1st Stream T Out C 1.0000 230.0000 2111.0000
Calc Ht Duty MJ/h 0.0338 0.0431 0.1379
LMTD (End points) C 24.3340 13.4630 19.5290
LMTD Corr Factor 1.0000 1.0000 1.0000
1st Stream Pout atm 200.0000 200.0000 200.0000
2nd Stream Pout atm 1.0000 1.0000 1.0000



EXAMPLE 3.5

Compute the liquefied fraction obtained in the process given in Fig. 3E5.1

considering that the isenthalpic expansion occurs at 20 atm (60 kcal/kg).

Determine the energy removed from the system using ammonia as the

cooling agent.

FIGURE 3E5.1

Multiple expansion cycle.
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Solution
We perform a global energy balance from point 2 in Fig. 3E5.1 considering

that we have two exists of nonliquid air, one at 20 atm and the other at 1 atm.

Thus, following the notation on Fig. 3E5.1 and reading in Fig. 3E5.2 we have:

H3ð20 atm; 160 KÞ5 60 kcal=kg problem datað Þ;

HL1ðliq: Sat: 20 atmÞ5 43 kcal=kg;

HV1ðvap: Sat: 20 atmÞ5 71:5 kcal=kg;

HL2ðliq: Sat: 1 atmÞ5 22 kcal=kg;

HV2ðvap: Sat: 1 atmÞ5 68 kcal=kg:

FIGURE 3E5.2

Thermodynamic scheme of the liquefaction process in example 3.5.

80 CHAPTER 3 Air



We have two expansions and thus we applied the level rule twice.

For the first one,

F5 L11V1

1kg H3 5 L1 HL1 1V1 HV1

where L15 0.4035 kg, V15 0.5964 kg.

For the second expansion we have the following mass and energy balances:

L15V21 L2

HL1L15V2 HV2 1 L2 HL2

Solving the system of equations: L25 0.2192 kg, V25 0.1842 kg.

We now perform a global energy balance to compute the energy

removed from the system, q:

1kgUH2 5V2 HV2; out 1 L2 HL2; out 1 q1V1 HV1; out

113:55 0:18923 1211 0:21923 221 q1 0:59643 119

q5 15:42 kcal

Alternatively, we can perform the energy balance to the heat exchanger

alone:

H2 1V2 HV2 1V1 HV1 5H3 1 q1V1 HV1; out 1V2 HV2; out

113:51 0:1842 � 681 0:5964U71:55 601 q1 0:5964U1191 0:1842U121

q5 15:41 kcal

:

The problem can be stated differently. In case there is no precooling,

compute the temperature at which we expand the stream.

Mass Balance to flash 1 F5V11 L1

Energy Balance to flash 1 F�H35V1 HV11 L1 HL1

Mass Balance to flash 2 L15V21 L2

Energy Balance to flash 2 L1�HL15V2 HV21 L2 HL2

Global energy balance F H25V2 HV2, out1 L2 HL2,out1V1 HV1, out

Assuming F5 1, the system consists of five equations and five variables,

where

H2 5 113:5 kcal=kg;

HL1ðliq: Sat: 20 atmÞ5 43 kcal=kg;

HV1ðvap: Sat: 20 atmÞ5 71:5 kcal=kg;

HV1; outðout; 20 atmÞ5 123 kcal=kg;
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HL2ðliq: Sat: 1 atmÞ5 22 kcal=kg;

HV2ðvap: Sat: 1 atmÞ5 68 kcal=kg;

HV2; outðout; 1 atmÞ5 121 kcal=kg:

We solve the system using EXCEL. The results can be seen in

Table 3E5.1. For further insight on the use of solver for chemical engineer-

ing problems we refer the reader to Martı́n (2014).

Claude’s cycle
Description There are other alternatives to increase the liquefied fraction.

In 1902 George Claude from the University of Paris used an expansion engine

that was reversible and adiabatic so that the expansion was isentropic. Thus in

the Claude cycle the air (or another gas) is compressed, typically to 40 atm.

After cooling using nonliquefied fractions, a fraction is diverted and expanded.

The expanded gas is mixed with the cold nonliquefied gas so that the mixture is

used to cool down the compressed air. The diverted fraction is around 75% of the

feed. See Fig. 3.7 for the flowsheet and the thermodynamic cycle. This technique

was welcomed in the industry at the time since it required lower operating

pressures and increased energy efficiency. The isentropic efficiency is defined as

the ratio between the actual enthalpy difference in the expansion and the enthalpy

difference for the ideal isentropic case (Fig. 3.8).

Analysis 1 kg of fed air undergoes the following path along the flowsheet.

Performing an energy balance to the discontinuous line rectangle we have:

1 kg H2 1 q5 f g H40 1 ½ð12 f Þ g1 ð12 gÞ� H10 1WΔS50 (3.12)

WΔS50 5 ð12 gÞ ðH30 2H4wÞ (3.13)

Table 3E5.1 Results

H2 H3 Hsat Hout

F 1 113.5 67.458693
L1 0.14180025 43
V1 0.85819975 71.5 121
L2 0.07706535 22
V2 0.0647349 68 123

M balance flash 1 1 1 0
E balance flash 1 67.458693 67.458693 0
M balance flash 2 0.14180025 0.14180025 0
E balance flash 2 6.0974106 6.0974106 0
Global balance 113.5 113.5 0
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FIGURE 3.7

The Claude cycle for air liquefaction.

FIGURE 3.8

The Claude cycle for air liquefaction: analysis.
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1 kg H2 1 q5 f g H40 1 ½ð12 f Þ g1 ð12 gÞ� H10 1 ð12 gÞ ðH30 2H4wÞ (3.14)

f 5
ðH2 2H10 Þ2 ð12 gÞðH30 2H4wÞ1 q

gðH40 2H10 Þ
(3.15)

Under ideal conditions:

q5 0; H10-H1 (3.16)

Thus:

f 5
ðH1 2H2Þ1 ð12 gÞðH30 2H4wÞ

gðH1 2H40 Þ
(3.17)

To evaluate the cycle we propose the following example.

EXAMPLE 3.6

Compute the liquefied fraction obtained in a Claude cycle where the air is

compressed up to 40 atm, and the diverted fraction to the expansion

machine is 75%. Assume that (H30�H4v0) is equal to 17 kcal/kg.

Solution
In any of the above presented diagrams we read:

H1 5H10 5 122 kcal=kg
H40 5 22 kcal=kg
H2 5 119 kcal kg

Substituting in Eq. (3.17):

f 5
ðH1 2H2Þ1 ð12 gÞðH30 2H4wÞ

gðH1 2H40 Þ
5

1222 1191 0:75U17
0:25Uð1222 22Þ 5 0:63

fg5 0:63U0:255 0:1575
kgliquid air

kgair

To compute the work required it is assumed that the power obtained in

the expansion is accounted for as produced for the global energy balance:

W1-2 5H2 2H1 2ToðS2 2 S1Þ5 1192 1222 300ð0:6552 0:905Þ5 72
kcal

kg

Waportar 5
W1-2 2W3-4w

fg
5

722 0:75U17
0:1575

5 376
kcal

kgliquid air

η5
Wmin

Wprovided

5
170

376
5 0:45

Comparing these results with the previous ones, we see that the yield to

liquid air is similar to the one obtained for the precooled Linde cycle, but

the energy required is far lower.

84 CHAPTER 3 Air



Phillips’s cycle. The cycle is similar to the Linde’s one, but in this case the

cooling occurs at constant specific volume, which increases the efficiency.

Fig. 3.9 represents the thermodynamic cycle using the Mollier diagram. For the

evaluation of this cycle, it is the most appropriate diagram.

To illustrate the performance of this cycle, consider example 3.7.

EXAMPLE 3.7

Air at 27�C and 15 atm is compressed up to 200 atm, removing the heat

generated. The air is next cooled at constant volume until it reaches the

saturation point. A valve is used to expand the air to 1 atm. Compute the

efficiency of the Phillips’s cycle described.

Using Mollier’s diagram we read the enthalpies and entropies of the

different points of the process.

H15 121.6 kcal/kg S15 0.7236 kcal/kgK

H25 114 kcal/kg S25 0.525 kcal/kgK

H40 5 22 kcal/kg S40 5 0.0 kcal/kgK

An enthalpy balance is formulated assuming ideal behavior of the cycle.

1 kgUH2 5 f UH40 1 ð12 f ÞUH1.f 5
H1 2H2

H1 2H40

f 5 0:076 kgliquid=kgair

FIGURE 3.9

Thermodynamic representation of Phillips’s cycle.
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This value is slightly larger than the one obtained with the Linde’s sim-

ple cycle method. Next, the energy requirement is computed as follows:

W1-2 5 ðH2 2H1Þ2 ToðS2 2 S1Þ5 ð1142 121:6Þ2 300Uð0:5252 0:736Þ5 55:4
kcal

kg

It is the smallest value seen so far when comparing the different cycles.

As per kg of liquid air:

W1-2 5

55:4
kcal

kg

0:076
kgliquid air

kgair

5 729
kcal

kgliquid air

The minimum theoretical work is given as that required to obtain a

kilogram of liquid air:

Wmin 5W1-40 5 ðH40 2H1Þ2 ToðS40 2 S1Þ

5 ð222 121:6Þ kcal
kg

2 300 Kð0:02 0:736Þ kcal
kg K

5 120:9
kcal

kgliquid air

And the yield results in:

η5
Wmin

W122

U1005 16:58%. example 3:2

Cascade cycle. This method can be dated back to 1890 when Kamerlingh-Onnes

in Leyden used a series of refrigerants for his experimental work on cryogenics.

Further development by Keesom in 1930 provided the highest efficiency in lique-

faction so far. In this scheme, each refrigerant has a boiling point in decreasing

order. Typically we use ammonia, ethylene, methane, and nitrogen. Their boiling

points are 240K, 189K, 112K, and 77K, respectively. See Fig. 3.10 for the

flowsheet. The advantage of the cycle is that it piece-wise approximates an ideal

reversible cycle, resulting in an efficient thermodynamic process. The expansion

takes place through a valve at low pressure, with a low increase in entropy.

In spite of its efficiency, the refrigerant losses (leaks), the complexity of the

operation, and the high investment have prevented its use in air separation

(Kerry, 2007). Table 3.3 shows the energy involved per kg of liquid air obtained.

We need 1.7 kg of initial feed of air, and the energy is 464 kcal/kgliquid. The liq-

uid fraction increases up to 0.59 kgliquid air/kg air (Vancini, 1961).

Air distillation. Air liquefaction is the first stage in separating air into its compo-

nents. When the vapor�liquid equilibrium is established, the vapor phase gets

concentrated in the volatile component and vice versa. The boiling points of
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nitrogen (Tb5 77.3K) and oxygen (Tb5 90.1K) result in them being obtained

from the top and bottom of the column, respectively (Latimer, 1967). Before

feeding the air into the columns it is compressed, filtered, cleaned (using molecu-

lar sieves to remove water, CO2, and other impurities), and then cooled down to

almost liquefaction (Timmerhaus and Flynn, 1989).

Linde’s Simple Column This is the simplest process to separate air into its

components. It was industrially used at the beginning of the XX century.

The system consists of a single column that operates slightly above atmospheric

pressure. The feed to the column is cold air from a liquefaction process.

The compressed air is cooled using the separated nitrogen and oxygen

(see Fig. 3.11), and it is used as hot utility. It boils the oxygen, and is then

expanded before it is fed into the column. The column operates as a stripping

one. As the air rises through the column it gets concentrated in nitrogen, the most

volatile of the two. A stream rich in nitrogen exits from the top while another

FIGURE 3.10

Cascade cycle for air liquefaction.

Table 3.3 Energy Consumption in the Cascade Cycle
(Vancini, 1961)

Species Energy Cost

1.70 kg Air 200 kcal
0.33 kg NH3 44 kcal
0.96 kg C2H4 90 kcal
0.66 kg CH4 130 kcal

464 kcal
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stream rich in oxygen is obtained from the bottom. The purity limit in the

nitrogen is limited since no rectification section of the column is present

(see Fig. 3.12). The slope of the q line depends on the fraction of liquid that we

can obtain after cooling and expanding the air. The oxygen is recovered over the

liquid, and has a composition of around 95% oxygen because it carries the argon,

while for the top the nitrogen is recovered at 90% purity, as seen in the

XY diagram.

FIGURE 3.11

Linde’s simple column.

FIGURE 3.12

X�Y diagram for the simple column.
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Simple Column With Recycle Recompression: The simple column design

evolved to improve the purity of the nitrogen. To achieve that, part of the

nitrogen from the top of the column is recompressed, cooled by using it as hot

utility in the boiler of the column, expanded, and fed as if it were the reflux

of the column. The compressed air is also used as hot utility in the reboiler.

See Fig. 3.13A for the scheme of the system.

Claude’s Column: Claude also presented his design for a distillation column.

It had a dephlegmator kind of device so that the compressed air at 25 atm was fed

to the column. In a tubular device submerged in liquid air, the compressed gas

rises. Part of the vapor liquefies and returns to the feed chamber. The gas phase,

rich in nitrogen, goes down via two lateral pipes, and also liquefies. The nitrogen

is gathered at the annular space and is used as recycle for the column. The liquid

oxygen is fed to the column after expansion. See Fig. 3.13B for a scheme of

the device.

FIGURE 3.13

Simple column with recycle. (A) Recompresion, (B) Claude’s device.
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Linde’s Double Column Linde’s double column represented a technological

breakthrough. The system consists of two columns that operate at different

pressures (see Fig. 3.14). The low-pressure column typically works at 1 atm, and

the higher-pressure column works at 5 atm. Air is used as hot utility in the

high-pressure column so that it cools down. Next, it is expanded to obtain a liquid

fraction and fed to the column. The bottoms of the column, recovered over the

liquid of the high-pressure column reboiler, are expanded to 1 atm and fed to

the lower-pressure column. The distillate of the high-pressure column is also

expanded to 1 atm and used as reflux. This stream, rich in nitrogen, is fed at the

top of the lower-pressure column. Therefore, only two streams are obtained from

the system, both from the low-pressure column. From the bottoms, at about 90K,

a stream rich in oxygen exits the system. The concentration is no more that 95%,

due to the presence of argon in this stream. From the top, a stream rich in

nitrogen at about 78K is produced.

Both columns are thermally coupled (see Fig. 3.14). The condenser of

the high-pressure column acts as a reboiler for the higher-pressure column.

For heat to be exchanged, a temperature gradient must be maintained. In this

configuration, a temperature difference of about 4�5K is typically used.

This temperature difference can be proven using the equilibrium diagrams.

Typically there is no stripping region in the higher-pressure column since

the operation of the upper column increases the oxygen concentration of the

bottoms efficiently. The bottoms of the high-pressure column contain around

40% oxygen.

FIGURE 3.14

Linde’s double column.
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EXAMPLE 3.8

Evaluate the operation of Linde’s double column. The low- and high-

pressure columns work at 1 atm and 5 atm, respectively. The products are

N2, 98% molar, and O2, with a purity of 96%. The air fed to the system is

at 120K and 200 atm.

Solution
Antoine vapor pressure equation for N2:

lnðPvÞ5 14:95422
588:72

ðTð�CÞ1 273:152 6:6Þ

� �

Antoine vapor pressure equation for O2:

lnðPvÞ5 15:40752
734:55

ðTð�CÞ1 273:152 6:45Þ

� �

We assume ideal behavior for both cases and compute the XY diagram

for the system as follows:

yN2
5
PVap;N2

x

PTotal

PT5PO2
1PN2

5yO2
�PTotal1yN2

�PTotal5PVap;O2
ð12xÞ1PVap;N2

x-x5
PTotal2PVap;O2

PVap;N2
2PVap;O2

The operating line for the rectifying section is obtained by performing

a mass balance to the higher section of the column:

Vn 5 Ln21 1D ðLow pressureÞ

Vnyn 5 Ln21xn21 1D � xD-yn 5
Ln21

Vn

xn:21 1
D

Vn

xD

Vn 1D2 5 Ln21 1D1 ðHigh pressureÞ

Vnyn 1D2xD;2 5 Ln21xn21 1DUxD;1-yn 5
Ln21

Vn

xn:21 1
D1xD;1 2D2xD;2

Vn

The corresponding operating line for the stripping section is as follows:

Vm 5 Lm21 �W

Vmym 5 Lm21xm21 1Wxw-ym 5
Lm21

Vm

xm21 1
W

Vm

xW

We assume that the flows of the species are approximately constant

across each section of the column:

yn 5
L

V
xn:21 1

D

V
xD

ym 5
L0

V 0 xm21 1
W

V 0 xW
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The feed to the column is partially liquid. Thus we define the liquid

and vapor fraction of the feed as ΦL and ΦV, respectively:

ΦL 5
L02L

F
ΦV 5

V2V 0

F

Thus the q line can be written as follows:

q5
ΦV21

ΦV

xn: 1
1

ΦV

xf

We now present the mass balances. See Fig. 3E8.1 for the flow across

the low-pressure column.

1. Global:

F5D1 1R1

Fxf 5D1xD 1R1xR

2. Low-pressure column:

F5D2 1R2

Fxf 5D2xD 1R2xR

FIGURE 3E8.1

Flows across the low-pressure column.
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Low-pressure column:

Let f be the liquefied fraction from stream D2 and g the liquefied frac-

tion from stream R2:

L1 5 f UD2

L01 5 f UD2 1 gUR2

V1 1 ð12 f ÞD2 5D1

V 0
1 5 L01 2R1

V 0
1 5V1 2 ð12 gÞUR2

Thus the operating lines at the rectifying and stripping sections, as well

as the q line, are given as follows:

Rectifying section:

yn 5
L1

V1

xn:21 1
D1xD;12D2xD;2

V1

5
f UD2

D1 2 ð12 f ÞD2

x1
D1xD;12D2xD;2

D12ð12 f ÞD2

q line:

yn 5
g

12 g1
xn:21 1

1

12 g1
xf

Stripping line:

yn 5
L01
V 0
1

xn:21 1
R1

V 0
1

xR 5
f UD2 1 gR2

D1 2 ð12 f ÞD2 2ð12 gÞR2

x1
R1xR

D12 ð12 f ÞD22 ð12 gÞR2

f corresponds to a flowrate of pure saturated nitrogen at 5 atm and 2178�C
that is expanded to 1 atm. In the Hauser diagram we can see the result of

that expansion (see Fig. 3E8.2). Using the lever rule we can compute

the liquefied fractions. We assume that both streams are air, and thus the

Hauser diagram can be used to compute both:

f 5 ð682 31Þ=ð682 22Þ5 0:8

g5 ð312 68Þ=ð222 68Þ5 0:8

Solving the mass balances (see Table 3E8.1), we compute the operating

lines. Next, we use the McCabe method to determine the number of trays

needed in the low-pressure column (see Fig. 3E8.3).
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FIGURE 3E8.2

Liquefied fraction after expansion.

Table 3E8.1 Results of Low-Pressure Column

F D R

Feed 100 80.4347836 19.652174 21E-06
Feed N2 79 78.0217401 0.97826087 79.000001

y L/V D/V L1 34.9999959
Rectifying 0.4882486 0.49639886 L10 80.244566

y L0/V0 R/V0 V1 71.6847847
Stripping 1.32243618 0.01612181 V10 60.6793487
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High-pressure column:

The energy balances to the condenser�reboiler couple both columns

and determine the flows at the high-pressure column (Fig. 3E8.4):

V2λ2 5 L01λo

V2 5
L01λo

λ2

λ2 5 f ðN2Þ
λo 5 f ðO2Þ

FIGURE 3E8.4

Flows across the high-pressure column.

FIGURE 3E8.3

McCabe diagram for the low-pressure column.
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A mass balance to the feed tray is as follows:

L02 5L2 1 hUF

V 0
2 1R2 5L02

where h is the liquefied fraction in the feed to the column. Thus the operat-

ing lines and the q line are as follows:

Rectifying section:

yn 5
L2

V2

xn:21 1
D2

V2

xD;2 5
V2 2D2

V2

x1
D2

V2

xD;2

q line:

yn 5
h

12 h
xn:21 1

1

12 h
xf

Stripping line:

yn 5
L02
V 0
2

xn:21 1
R2

V 0
2

xR;2 5
L2 1 h � F

ðL2 1 h � FÞ2R2

x1
R2 � xR;2

ðL2 1 h � FÞ2R2

To compute the liquid fraction, h, the cool air is expanded from 120K

and 200 atm to 5 atm:

h5 ð402 71Þ=ð322 71Þ

In Table 3E8.2 we present the results of the mass balances and the

operating lines. Next, using the McCabe method, the number of trays

needed at the high-pressure column is six (Fig. 3E8.5).

Table 3E8.2 Results of High-Pressure Column

F D2 R2

Feed 100 43.75 56.25 21E-06
Feed N2 79 42.44 36.56

y L/V D/V L2 54.2672357
Rectifying 0.55364996 0.43295954 L20 133.754415

y L0/V0 R/V0 V2 98.0172305
Stripping 1.72576524 0.25401783 V20 77.504409
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Argon separation and purification

Argon is a valuable product that is in relatively high quantities in the air. It is

possible to modify the double column to obtain argon from air (see Fig. 3.15).

A stream from the low-pressure column is extracted at the level where Ar concen-

tration is maximum, around 12%. This vapor is rectified in an auxiliary column

that uses a partial condenser. As refrigerant of the second column, a fraction of

the oxygen stream from the bottoms of the high-pressure column is used, after

expansion. The bottoms of the auxiliary column are returned to the low-pressure

column, while the distillate is the Ar produced at 98% purity. Oxygen is the main

impurity of the Ar and can be eliminated using chemical separation, for instance,

deoxoreactors where water is produced from the oxygen impurity.

Neon can also be separated. It is more volatile than nitrogen and can be

obtained by rectification of the liquid product from the top of the high-pressure

column. Neon comes with nitrogen and helium as impurities.

The evolution of liquefaction and separation processes has resulted in the current

liquefaction processes (Linde, 2015). Fig. 3.16 shows the flowsheet of the typical lay-

out of one of those plants. In the first stage air is compressed. Next, it is purified using

molecular sieves to remove moisture, dust, and other impurities such as CO2 or hydro-

carbons. Then, the compressed air is cooled down using nonliquid oxygen and nitro-

gen. Subsequently, a double distillation column (Linde’s design) with an auxiliary

column for Ar recovery is used. The products obtained are not only gaseous oxygen

and nitrogen, but also liquid oxygen and nitrogen. The oxygen comes from the bottoms

of the low-pressure column, and the nitrogen from the top of the low-pressure column.

FIGURE 3E8.5

Number of stages of the high-pressure column.
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Storage. Two storage devices can be highlighted: vacuum insulated tanks and

dewars. Vacuum insulated tanks consist of a double-walled vessel. The internal

wall is made of stainless steel and the outer wall is made of carbon steel.

Between them the chamber is under vacuum, filled with perlite as insulation.

The size of these tanks range from 1 m3 on, and they are typically designed for

14 atmg. It is also possible to have an evaporator to control the pressure inside

FIGURE 3.15

Argon production.

FIGURE 3.16

Typical liquefaction process. (© Linde AG, extract from “History and technological

progress. Cryogenic air separation.” p. 14�15.)
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the tank and another one to serve gas products. Dewars are cryogenic mobile

devices. They also have the same double-wall structure as the tanks. Their size

ranges from liters to 1 m3, and the designed pressure is 1.4 atmg. The discharge is

carried out from the bottoms, and they have an internal evaporator for pressure

control. Fig. 3.17 shows schemes for both.

3.2.2.1.2 Noncryogenic air separation

From an industrial perspective, liquid gases are expensive, but sometimes they

are regasified for further use. Thus, a number of technologies have been devel-

oped to separate the air components without need for liquefaction. In this section,

we discuss two alternatives, the use of pressure or temperature cycles known as

Pressure Swing Adsorption (PSA) and Temperature Swing Adsorption (TSA), and

the use of membranes. Note that these technologies are not fully developed, but

they are gaining attention in the market.

Pressure Swing Adsorption cycles The use of PSA cycles to produce oxygen or

nitrogen is based on the adsorption of one of the two on a bed of particular mate-

rial. Typically, since air is free, in industry there is no recovery of the purge

or the adsorbed species. The operation of these cycles consists of four stages:

(a) pressurization, (b) adsorption, (c) depressurization, and (d) desorption. In order to

ensure continuous operation of the plant, two beds operate in parallel at any one time.

Fig. 3.18 shows the operation of the cycle and the pressure at the bed. An excess in

the purge increases the purity of the effluent. A defect results in higher contamination.

Unlike TSA, PSA systems do not degrade the adsorbent and can operate

longer without substitution. However, the presence of moisture and drops must be

avoided. Filters are used to remove them before the air is fed to the PSA system.

The production of nitrogen above 99.5% purity consists of adsorbing the oxygen

out of the air. The bed for this process consists of molecular sieves, either Zeolite

4 A or active carbon Bergbau�Foschung operating at 6�8 atmg. Desorption occurs

FIGURE 3.17

Vacuum-insulated tanks and dewars.
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at atmospheric pressure. The purge stream consists of oxygen at 35�50% by volume.

The energy consumption in the production of nitrogen is around 0.1 kWh/Nm3, and

presents a lower investment than required for cryogenic units.

The production of oxygen uses a PSA system where the adsorbent is either

Zeolite 13X or 5 A to adsorb the nitrogen. The working conditions are 1�3 atmg

for adsorption, but the oxygen production cannot surpass 1500 Nm3/h. Furthermore,

the oxygen produced has a low purity, lower than 90%, and contains Ar and N.

Apart from PSA systems for the production of oxygen, Vacuum Pressure Swing

Adsorption can be used. In this case, gas desorption occurs below atmospheric pres-

sure, 0.5 atmg. These units can produce up to 50 t/d, with more or less the same

purity as the PSA systems (Pressure Swing Adsorption Picks Up Steam, 1988).

Membranes Gas separation using membranes is based on the different

diffusion rates of the species. It is a process governed by Henry’s and Fick’s

Laws. The permeability, a measure of the capacity of the membrane to transport

gases, is the product between the Henry’s Law constant and the diffusivity coeffi-

cient. The permeate is concentrated in the quicker-diffusing gases while the reject

or purge comprises the slower-diffusing gases (Membranes, 1990).

Fick’s Law dictates the diffusion rate:

@ci
@t

5Di

@2ci
@z2

(3.18)

FIGURE 3.18

PSA cycle operation. Black valves are closed.
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where Di is the diffusivity (m2/s) of species i across the membrane, ci is the con-

centration across the membrane, and z the distance. At steady state, we can com-

pute the flux of component i across the membrane as follows:

Ni 5Di

ci;1 2 ci;2

δ
(3.19)

where δ is the thickness of the membrane. Thus, assuming that two gas phases are

in contact through a membrane, to the left we have a total pressure P1 and a

partial pressure of each component given by:

pi;1 5 xi;1UP1 (3.20)

To the right, we have P2. For component i to diffuse, P1.P2. Fig. 3.19 shows

the scheme of the process. Gas solubility in polymers, the membrane, is assumed

to follow Henry’s Law (Perry and Green, 1997).

Henry’s Law states:

ci 5 piUð1=HiÞ5 piUSi (3.21)

Thus

Ni 5Di

ci;1 2 ci;2

δ
5 SiDi

pi;1 2 pi;2

δ
5Ki

pi;1 2 pi;2

δ
(3.22)

where permeability is computed as Ki

δ . The relative permeability of one gas

compared to another depends on the molecule size and the interactions with the

polymeric membrane. We can establish a relative scale of diffusion rate of

the main gases involved in chemical processes:

Quicker H2 .He.H2S.CO2 .O2 .Ar.CO.CH4 .N2 Slower

Nitrogen and oxygen diffuse slowly across membranes while CO2 is five times

quicker than oxygen. Water vapor can go through polar membranes easily, but

not as easily across nonpolar polymers. This relative diffusion velocity results

FIGURE 3.19

Membrane gas separation.
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in the composition of the resulting permeate and reject phases. Based on the

velocity, membranes are typically used to obtain nitrogen at 93�99%.

xi;2 5
NiP
i Ni

(3.23)

The separation factor provided by a membrane, Si,j, is defined as the ratio in

concentrations of two species at both sides of the membrane:

Si;j 5

xi;2

xj;2
xi;1

xj;1

5

Ni

Nj

���
2

Ni

Nj

���
1

5
Ki

Kj

12
xi;2

xi;1

P2

P1

12
xj;2

xj;1

P2

P1

5αi;j

12
xi;2

xi;1

P2

P1

12
xj;2

xj;1

P2

P1

(3.24)

The selectivity of the membrane to both gases, αi;j, is the limit of the separation

fraction for a certain pressure difference.

3.2.2.2 Chemical separation
These systems are based on the reactivity of the different gases in the mixture.

Oxygen is much more reactive, generating some oxide and liberating the nitrogen.

The deoxo process can be used to remove the traces of oxygen as water using hydro-

gen as reactant. Alternatively, we can have processes like 2BaO1O222BaO2 that

go forward at 500�C and backward to recover the oxygen at 700�C.
Selection of the methods depends on two factors: production capacity and

purity of the gas required. Membranes are typically used for 1�1000 Nm3/h of

nitrogen and purities up to 99%. PSA can be used when slightly higher purity is

needed, up to 10,000 Nm3/h. Higher purity and production capacity requires

the use of cryogenic fractionation. In the case of oxygen production, PSA is

recommended for 1�1000 Nm3/h and up to 95% purity. Any other purity requires

cryogenic fractionation.

Table 3.4 shows a brief comparison of the technologies discussed. It presents

the status of the maturity of the technology, the relative economics, the purity of

the products, and operating limitations (Smith and Klosek, 2001).

Table 3.4 Comparison of Air Separation Technologies

Process Status Economics
Byproduct
Capability

Purity Limit
(% volume)

Startup/
Shutdown
Time

PSA Semimature $$$$$$ Poor 95 Minutes
Chemical Developing Unknown Poor .99 Hours
Cryogenic Mature $$ Excellent .99 Hours
Membrane Semimature $ Poor 40 Hours
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3.3 ATMOSPHERIC POLLUTION
There are two main sources of atmospheric pollution: natural, due to processes

such as fire, volcanoes, fogs, etc., and artificial, due to human activities. Among

them we can find phenomena like city smog, industrial smog, and the presence of

gaseous species such as NOx, SO2, CO, CO2, smoke, or odors.

3.4 HUMID AIR
Air can have a certain amount of moisture as a function of the conditions.

Assuming ideal behavior, the total pressure results from the contribution of both

gases, the air and the vapor:

PT 5Pair 1Pvapor (3.25)

Vapor pressure is a function of the temperature. Thus the higher the

temperature the larger the amount of water vapor that the air can hold. If the air

cannot handle a certain amount of water, then it condenses. This occurs for

vapor pressures above the saturation at a certain temperature. Bear in mind that

the presence of water vapor in air is an industrial problem for several processes.

For instance, when dealing with solids, humidity can cause agglomeration,

reducing the quality of the product (eg, detergents). In other cases, such as

in the production of sulfuric acid, the presence of vapor generates the acid

over time, representing a safety problem due to the corrosion of the pipes

and reactor.

Here, the concepts of humid air are presented before they are applied to some

simple examples.

Specific molar moisture:

ym 5
Pv

PT 2Pv

5
ϕPsat

v

PT 2ϕPsat
v

(3.26)

Specific moisture:

y5
Mwcond

Mwdry air

Pv

PT 2Pv

5
Mwcond

Mwdry air

ϕPsat
v

PT 2ϕPsat
v

(3.27)

Relative moisture:

ϕ5
Pv

Psat
v

(3.28)
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We can use Antoine correlations to compute the saturation vapor pressure. In

the case of water, we can use the following equations:

lnðPvðmmHgÞÞ5 18:30362
3816:44

227:021Tð�CÞ

PvðmmHgÞ5 2:12413 �10210ðTð�CÞÞ6 2 1:44107 �1028ðTð�CÞÞ5 1 4:2057 �1026ðTð�CÞÞ4

1 1:41219 �1024ðTð�CÞÞ3 1 1:14812 �1022ðTð�CÞÞ2 1 3:29301 �1021Tð�CÞ1 4:58643

(3.29)

Similarly, we can proceed for other vapor species such as ethanol or ammonia.

Specific volume of humid air:

v5
RT

P

1

Mwg

1
y

Mwv

� �
(3.30)

Heat capacity (per kg of dry air):

cp;h 5 cp;g1cp;vy (3.31)

Enthalpy of humid air:

ðTref 5 0�CÞ H5 ðcp;g1cp;vyÞT1λT50�C �y (3.32)

EXAMPLE 3.9

Evaluate the process that transforms stream 1 from its initial conditions

to the final ones given below. Determine whether water condenses,

and compute the heat load for cooling this stream.

Stream 1, initial conditions: P5 750 mmHg, T5 40�C, ϕ5 0.7

Stream 1, final conditions: P5 2550 mmHg, T5 22�C

Solution
If the specific moisture at the beginning is larger than that at the end, water

must condense since the air cannot hold the difference. Thus, using the

concepts presented above, both specific moisture contents at the beginning

and at the end, assuming saturation, are as follows:

yini 5
Mwater

Mdry air

ϕPsat
v

PT 2ϕPsat
v

5 0:62
0:7U55:32

7502 0:7U55:32
5 0:03375

kgvap

kgdry air

yfinal 5 0:62
19:83

25502 19:83
5 0:0048

kgvap

kgdry air

Since yfinal, yini, water must condense. For 100 kg of dry air, initially

103.37 kg of gas are compressed (100�(11 yini)) and cooled. The gas

phase at the end of the process consists of 100.48 kg, (100�(11 yfinal));
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therefore the difference, 2.89 kg, has to condense. We now perform an

energy balance:

ΔH5Q

½ðcp; g 1 cp; vyfÞðTfÞ�1λyf 1 cp; waterCOND � Tf 2 ½ðcp; g 1 cp; vyiÞðTiÞ�2λyi

5 ½ð0:241 0:46yfÞðTfÞ�1 597:2yf 1 1 � 0:0289Tf 2 ½ð0:241 0:46yiÞðTiÞ�2 597:2yi

5 8:071 0:6362 30:37655222 kcal=kgdry air

EXAMPLE 3.10

Determine if mixing of the following two streams results in water conden-

sation. The working pressure is 760 mmHg.

Stream 1 100 kgda/s, T5 54�C, ϕ5 0.95

Stream 2 100 kgda/s, T5 9.6�C, ϕ5 0

Solution
Stream 1

y1 5 0:62
0:95U112:5

7602 0:95U112:5
5 0:1015

kgvap

kgdry air

H1 5 ð0:241 0:46y1Þ � 541 597:2y1 5 76:1
kcal

kgdry air

Stream 2

Similarly:

y2 5 0; H2 5 2:3
kcal

kgdry air

Mass balance to water (assuming no condensation):

m1Uy1 1m2Uy2 5mmixUymix

ymix 5 0:05075
kgvap

kgdry air

For energy balance, we compute the temperature of the mixture:

m1UH1 1m2UH2 5mmHm

Hm 5 39:2
kcal

kgdry air

Hm 5 ð0:241 0:46U0:05075ÞUT 1 597:2U0:05075

T5 33:83�C
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At this temperature, with the computed specific moisture, the relative

humidity becomes:

ym 5 0:62
ϕPsat

v ð33:8Þ
PT 2ϕPsat

v ð33:8Þ
ϕ5 1.46. 1-Water condenses

Therefore the mass and energy balances must consider the condensed

water, COND:

Energy balance:

m1 �H1 1m2 �H2 5mmHm 1COND �h
100 �76:1 kcal

kgdry air

1 100 �2:3 kcal

kgdry air

5 200 ð0:241 0:46yfÞðTmÞ½ �1 597:2yf 1COND �1 kcal
kg

Tm

5 200 0:241 0:46 0:62
PvðTmÞ

7602PvðTmÞ

0
@

1
A

0
@

1
AðTmÞ

2
4

3
51 597:2 0:62

PvðTmÞ
7602PvðTmÞ

0
@

1
A

1COND �1 kcal
kg

Tm; ϕ5 1

Mass balance to water:

m1 �y1 1m2 �y2 5mmysat 1COND

This is a complex problem to solve. We present here two methods:

EXCEL and GAMS. For further details on the use of these packages,

the reader can find the basics in Martı́n (2014).

EXCEL

We define the variables in different cells and use “solver” as shown in

Fig. 3E10.1.

m1 100

m2 100

H1 76.1

H2 2.3

y1 0.1045

y2 0

Tm (G14) 39.7656916

Pv 54.5073231

Hm 39.0271005

Ym 0.04790204

COND (G18) 0.86959147

Balance(G19) 2.1368E-09

106 CHAPTER 3 Air



GAMS

In this case we define the data as scalar, the variables to be computed

as positive variables, and write the equations of the problem by hand:

Scalar

mass1 /100/

mass2 /100/

T1 /54/

T2 /9.6/

phi1 /0.95/

phi2 /0/

Ptotal /760/;

positive variables

y1, y2, H1, H2, Hm, COND, ysat, Pv1, Pv2, Pvm, Tm;

variable

Z;

equations

BM, BE, y_1, y_2, H_1, H_2, pv_1, pv_2, H_sat, y_sat, pv_sat, obj;

BM.. mass1�y11mass2�y2 5E5 (mass11mass2)�ysat 1COND;

BE.. mass1�H11mass2�H25E5 (mass11mass2)�Hm1 COND�Tm;

H_1.. H1 5E5 (0.241 0.46�y1)�T11 597.2�y1;
y_1.. y1 �(Ptotal-phi1�Pv1)5E5 0.62�phi1�Pv1;
pv_1.. Pv1 5E5 exp(18.3036-3816.44/(227.021T1));

H_2.. H2 5E5 (0.241 0.46�y2)�T21 597.2�y2;

FIGURE 3E10.1

Example 3.10 in “Solver.”
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y_2.. y2 �(Ptotal-phi2�Pv2)5E5 0.62�phi2�Pv2;
pv_2.. Pv2 5E5 exp(18.3036-3816.44/(227.021T2));

H_sat.. Hm 5E5 (0.241 0.46�ysat)�Tm1 597.2�ysat;
y_sat.. ysat �(Ptotal-Pvm)5E5 0.62�Pvm;

pv_sat.. Pvm 5E5 exp(18.3036-3816.44/(227.021Tm));

Tm.LO5 0;

Tm.UP5 100;

obj.. Z 5E5 2;

Model Ejem10 /all/;

solve Ejem10 Using NLP Maximizing Z

EXAMPLE 3.11

Compute the temperature that a stream of air at 800 mmHg, that at 20�C
has a relative moisture of 0.85, has to be heated to so that when mixed

with a second stream of air, whose dew point is 50�C, does not cause water
to condense.

Solution
We draw the psychometric diagram for 800 mmHg. To do that, for each

temperature, compute the vapor pressure using the Antoine equation, and

with it, the specific humidity at saturation using Eq. (3.26). See Fig. 3E11.1.

FIGURE 3E11.1

Graphic solution of example 3.11.
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Next, the specific moisture of the second stream is computed. Since it

is saturated at 50�C, y2 is equal to 0.08. We draw a horizontal line at y

equal to 0.08. Subsequently, we allocate the initial point representing

steam 1. At 20�C, ϕ is equal to 0.85. Thus y1 is equal to 0.012. See the

square in Fig. 3E11.1.

In order for both streams to mix without condensation, we draw a line

that, starting at the original conditions of stream 1, is tangent to the satura-

tion line at 800 mmHg. The cross between this line and the horizontal one,

corresponding to the specific moisture of the second stream, gives the tem-

perature at which stream 1 has to be heated to in order to avoid condensa-

tion independently of the proportion in which both streams are mixed.

It turns out that 70�C is the solution to the problem.

EXAMPLE 3.12

Determine in what proportion the following two air streams, when mixed,

condense:

Stream 1 T5 10�C, ϕ5 0.55

Stream 2 T5 45�C, ϕ5 0.70

The atmospheric pressure is 700 mmHg.

Solution
First, the saturation line is computed. For a number of temperatures we

compute the specific moisture at saturation. Next, both mixtures are plotted

as squares (see Fig. 3E12.1). Finally, mass and energy balances are formu-

lated. It is assumed that the resulting mixture is saturated; then ϕ5 1.

If we draw a straight line between the two points, we see that there

may be two points where saturation occurs. This is only an approximation

to realize the possibility of two solutions.

Mass balance to water:

m1 �y1 1m2 �y2 5 ðm11m2Þym5sat

100 �0:00441m2 �0:0485 ð1001m2Þysat

Enthalpy balance:

m1 �H1 1m2 �H2 5 ðm1 1m2ÞHm5sat

H1 5 ð0:241 0:46U0:0044Þ �101 597:2 �0:00445 5:07
kcal

kg

H2 5 ð0:241 0:46 �0:0509Þ �461 597:2 �0:05095 40:43
kcal

kg

Assuming 100 kg for stream 1

100 �5:071m2 �40:435ð1001m2ÞHsat5ð1001m2Þ � ð0:2410:46 �ysatÞUTsat1597:2 �ysat
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100U0:00442100ysat

ysat 2 0:048
5m2 5

100U5:072 100ðð0:241 0:46 �ysatÞ �Tsat 1 597:2 �ysatÞ
ðð0:241 0:46 �ysatÞ �Tsat 1 597:2 �ysatÞ2 40:43

This is a nonlinear system of equations, and there are actually two

solutions:

Sol 1 18.23�C; m2 5 28.4 kg

Sol 2 27.85�C; m2 5 96 kg

EXAMPLE 3.13

Atmospheric air at 25�C and ϕ5 0.85 is processed using an adsorbent bed

to maintain the relative humidity of the product at 0.25. The total gas flow

is 45 m3/min. The desiccant bed is made of silica gel and its dimensions

are 15 inches (height) by 5 feet (radius). The adsorption capacity can be

seen in Fig. 3E13.1. Compute the fraction of air bypassed as a function of

time, and how long the bed can be in operation before regeneration.

FIGURE 3E12.1

Graphic solution of example 3.12.
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Solution
Fig. 3E13.2 presents a scheme of the operation. We used the following

notation:

x: Bypassed fraction

ys: Air specific moisture exiting the bed (kg/kgdry air)

ye: Air specific moisture fed to the bed (kg/kgdry air)

yf: Air specific moisture required (kg/kgdry air)

Psat: Saturation pressure (ata)

m: Mass of dry air processed (lb/ft2)

FIGURE 3E13.1

Adsorption capacity of the silica gel bed.
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We compute the specific humidity entering, ye, and that required for the

product air, yf:

ye 5 0:62
0:85U21

7602 0:85U21
5 0:015

kgvap

kgdry air

yf 5 0:62
0:25U21

7602 0:25U21
5 0:0043

kgvap

kgdry air

We perform a mass balance to water where x is the bypassed fraction of

the initial stream:

xUye 1 ð12 xÞUys 5 yf.x5
yf 2 ys

ye 2 ys

The mass flow is given as follows:

45
m3

min
UvU0:454

kg

lb
5

45U
m3

min
U0:454

kg

lb

1

29
1

ye

18

� � 0:082
atm L

mol K
298 K

1 atm

5
45

0:863U0:454
5 115

lb

min

The fraction bypassed changes with time, and therefore not only x, but

also the humidity of the air exiting the bed is as follows:

dw

dt
5

masstotalð12 xðtÞÞ
A

-
AUdw
ð12 xÞ 5masstotaldt

πUr2Udw
12 x

5 115
lb

min
Udt

dw

12 x
5

115lb

πUð5ftÞ2 Udt5 1:46
lb

ft2
Udt

Thus for pressures at the bed, the ratio ys/ye is computed. With that, at differ-

ent time intervals we average the humidity and compute the bypassed fraction.

Discretizing the differential equation, the time is determined (see Table 3E13.1).

FIGURE 3E13.2

Dehydration system.
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Table 3E13.1 Results of the Discretized Operation of the Adsorbent Bed

Psatw w ys/ye ys DW ymed x Dt t y x

0 0 0 0 1008.1691 0 0.42222222 1194 0 0 0.42222222
28 1008 0 0 72.0120789 0.0001499 0.41737011 85 1193.92208 0 0.42222222
30 1080 0.02 0.00029981 144.024158 0.00089942 0.39183354 162 1278.49202 0.00029981 0.41737011
34 1224 0.1 0.00149903 108.018118 0.00224855 0.33974346 112 1440.52981 0.00149903 0.39183354
37 1332 0.2 0.00299806 108.018118 0.00374758 0.27029946 101 1552.47033 0.00299806 0.33974346
40 1440 0.3 0.00449709 0 1653.75772 0.00449709 0.27029946

0
1654



Fig. 3E13.3 shows the profile of the evolution of the bypass fraction and

the specific moisture exiting the bed:

Δm

12 x
5 1:46Δt.t5

X
Δt5 1653 min

3.5 PROBLEMS
P3.1. In a Linde-type liquefaction process, air is compressed to 100 atm and

expanded to 1 atm. The liquid fraction is 0.0385 kg/kg. Assuming that

the heat loss is 0.313 kcal/kg and the temperature difference in the hot

end of the heat exchanger is 2.8�C, compute the temperature of the

compressed air before expansion.

P3.2. Air is liquefied using a modified Linde-type cycle. Atmospheric air at

80.6�F is compressed up to 100 atm. It is cooled down using the

nonliquefied fraction and expanded isentropically to 1 atm, separating

the gas and liquid phases. The liquefied fraction is 0.28 and the flowrate

of air 0.83 ft3/s, measured at 1 atm, and 60�F, determine:

1. The temperature of the cold extreme of the heat exchanger assuming

that the energy losses of the system are 40 BTU per kmol of fed

air. The ΔT in the hot stream is 5�F.
2. The energy required by the compressor, as well as that produced

in the expansion.

FIGURE 3E13.3

Profile of the operation of the dehydration system.
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P3.3. Atmospheric air is liquefied using a process as in Fig. P3.3. Air at

27�C and 1 atm is compressed using 538.7 kJ/kg of initial air in a

compressor whose efficiency is 80%. The compressed air is cooled

down at constant pressure with the nonliquefied air. Next, it is

expanded isenthalpically to obtain a liquid fraction of 0.05. Assume

that all the heat losses take place in the heat exchanger. Compute the

pressure of the air at the hot extreme of the heat exchanger (P1),

the temperature of the nonliquefied air (T4), and the energy loss per kg

of atmospheric air.

P3.4. Determine the liquid fraction of a process such as in Fig. P3.4,

considering two isenthalpic expansions. The first one expands the air to

20 atm at 60 kcal/kg of enthalpy, and then the liquid fraction is further

expanded to 1 atm.

FIGURE P3.3

Flowsheet.
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P3.5. A flowrate of 1000 ft3/min of air at 70�F and 80% moisture is to be

processed and fed to a facility with only 10% moisture. Silica gel is used

as the absorbent bed (see Fig. P3.5). Part of the initial feed is bypassed

dynamically so that the final moisture is controlled. The vessel diameter

can be up to 5 ft and the operating time before regeneration must be 3 h.

FIGURE P3.4

Flowsheet.
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Assuming isothermal operation, determine the bed diameter and its depth.

The absorption capacity can be seen in the figure.

P3.6. A Claude-type cycle is used to liquefy air originally at 1 atm and 300K.

It is expected that the system recovers 10% of the compression energy

that has compressed the air up to 80 atm. Fifty percent (50%) of the

initial stream is sent to the expansion machine. Assume that the heat

loss of the system is 6 kcal/kg of the initial processes air and that the

FIGURE P3.5

Adsorption capacity.
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nonliquefied fraction exits the system 3�C below the initial temperature.

Determine:

1. The liquefied fraction,

2. Efficiency of the system,

3. And compare the system to another one that compress the air up

to 200 atm, assuming net losses of 6 kcal/kg and that the air exits

at 297K.

P3.7. The technical department has received three alternatives for the

liquefaction of air. Atmospheric air at 1 atm and 27�C is fed to each

one and the nonliquefied fraction exits the system at 24�C and 1 atm.

System I is a nonideal Linde cycle, while systems II and III use different

refrigerants before expansion. Which one will you recommend to the

CEO (Table P3.7)?

P3.8. Air is liquefied using a modified Linde cycle with two consecutive

compression stages, the first one from 1 to 20 atm, and the second one

from 20 to 150 atm (see Fig. P3.8). The compressed air is cooled

down with nonliquefied fractions. The cold air is expanded from

150 atm to 20 atm, and after being used to cool down compressed air,

recycled before the second compression stage. The mixture of both

streams is at 25�C. The liquid air at 20 atm is expanded to 1 atm.

Table P3.7 Process Data

I II III

Compressed air 200 atm 300K 100 atm 300K 100 atm 300K
Heat losses 2 kcal/kg initial air � �
Refrigeration 5 kcal/kg initial air 8 kcal/kg initial air
Electricity cost 0.15 h/kWh 0.15 h/kWh 0.15 h/kWh
Refrigerant costs � 0.0025h/kg liq. air

produced

0.004h/kg liq. air

produced

Environmental
impact

0.02�(W (kcal/kgliquid air))1 0.25�(QRefrigeration (kcal/kgliquid air))
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Determine the liquid fraction and the work required at each stage

per kg of initial air.

P3.9. The technical department receives the task of suggesting a system to

liquefy air using only one expansion stage so that if the heat losses are

3 kcal/kg of initial air, it allows production of a liquid fraction of at least

15%. Initial air is at 27�C and 1 atm, and the nonliquefied fraction exits

FIGURE P3.8

Flowsheet for the problem.
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the system at 24�C and 1 atm (see Fig. P3.9). Determine the temperature

at the inlet of the gas�liquid separator.

P3.10. A simple stripping tower processes partially liquefied air whose liquid

fraction is the same as that obtained from a simple Linde system.

The Linde system processes atmospheric air at 27�C and 1 atm that is

compressed up to 200 atm and operates ideally with no heat loss.

The column produces a residue that is 5% molar in nitrogen and obtains

95% of the maximum ideal composition in the distillate. Determine the

number of trays and the distillate composition.

P3.11. A Linde cycle with prerefrigeration processes atmospheric air at 27�C
and 1 atm. It compresses up to 200 atm. It is expanded to 1 atm and the

FIGURE P3.9

Flowsheet.
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nonliquefied fraction exits at 24�C. The heat losses in the system are

3 kcal/kg. Three different refrigerants are available. The aim is to obtain

a liquid fraction of 0.15 kg per kg of initial air (at least). Each refrigerant

has a cost and generates a certain environmental burden. The emission

cost for the facility is 50 h/t of CO2. Select the most appropriate

refrigerant (Table P3.11).

P3.12. A Linde-type air liquefaction system is used in a certain facility.

The energy consumption of the plant is 109 kcal/kg of fed air.

The liquefied fraction turns out to be 20% when 15 kcal/kg of

refrigeration is used, and 29% when using 25 kcal/kg of refrigeration.

Assume that the loss of energy is a constant fraction of the

refrigeration. The nonliquid air exits at 290K and 1 atm. Determine

the operating pressure and the design pressure of the compressor,

and also its efficiency.

P3.13. A simple Linde column is used to produce rich oxygen and nitrogen.

Over the top vapor with 85% in nitrogen is obtained. It represents 95% of

the maximum concentration possible. From the bottom, a stream with 5%

nitrogen is produced. Determine the liquefied fraction of the air fed to

the column, a feasible air liquefaction cycle, and the number of trays

for the column.

P3.14. Determine the refrigeration needed in a cycle (like the one in Fig. P3.14)

to produce 0.3 kg of liquid air per kg of initial feed, assuming that the

first expansion is down to 20 atm and the second one to 1 atm.

Table P3.11 Process Data

I II III

Q (kcal/kg initial air) 15 20 25
Coste (h/kcal refrigerant) 4 5 6
Impact (kg CO2 produced/kcal refrigerant) 45 40 20
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P3.15. In a Linde simple column system (see Fig. 3.11), air is fed at 300K. It is

compressed up to 200 atm. It is cooled down with the gas products N2

and O2, which exit the column at their boiling points of 77K and 90K,

respectively, with the system at 127K. Compute the number of trays

FIGURE P3.14

Flowsheet for the problem.
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assuming that the nitrogen purity is 95% of the one corresponding to the

thermodynamic equilibrium, and that the oxygen contains 5% nitrogen.

Assume that the Hauser diagram (Fig. 3.1) holds for all enthalpy

computations.

P3.16. Determine the maximum pressure at which a stream at 10�C and a

specific humidity of 0.0045 kgs/kgdryair, and a second stream at 45�C
and 0.048 kgs/kgdryair, can be mixed in any proportion with no

condensation.
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CHAPTER

4Water

4.1 INTRODUCTION
Water is a precious resource in our planet. Its relative availability—71% of

the Earth’s surface is water—has been responsible for a lack of further

efforts towards water consumption efficiency. The total amount of water

is 1.383 1018 m3. Only 2.6% is freshwater, and out of that, 10% alone is

accessible, around 3.73 1015 m3. Table 4.1 shows this information in detail

(Ortuño, 1999).

Recently, numerous reports have pointed out the fact that by 2025 two-thirds

of the population will suffer water scarcity. Fig. 4.1 presents the distribution

of the world’s water and its scarcity. We can distinguish between physical

scarcity, places where 75% of the available water is withdrawn for use, and

economic scarcity, regions where there is enough water, but it is not affordable.

Regions where less than 25% of the available water is withdrawn are classified

as suffering little or no scarcity, while in those regions approaching scarcity,

a limit of 60% withdrawn has already been reached. As a result, the current

situation of water availability and use, as well as wastewater treatment technolo-

gies and reuse, has led society to a more conscious use of water, at least in

developed countries Agthe and Billings (2003).

Water use is crucial for mankind. It represents 70% of the human body,

and can be used as an industrialization index. Fig. 4.2 shows water consumption

per country.

We must distinguish between water withdrawal and consumption because it

represents a common mistake in the nonspecialized literature. Withdrawal refers

to the water diverted from the source for its use. Consumption is the amount

that does not return, not even as waste. Fig. 4.3 shows the comparison between

both concepts across the world. We see that developed countries show efficient

ratios between withdrawal and consumption, while developing countries are not

that efficient.

The water withdrawal to water consumption ratio can be evaluated by sectors.

While industrial and domestic sectors show large withdrawal but small consump-

tion, agriculture shows large water consumption too. Only fresh water—that

coming from rivers, lakes, streams, and below-surface water—is directly used,
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FIGURE 4.1

Water scarcity.

Based on the information of International Water Management Institute (2007)

FIGURE 4.2

Water consumption per capita.

With permission from: http://brittany-harris.com/projects/water-use.html.

Table 4.1 Water Distribution on Earth

Region Volume (106 km3) (%)

Oceans 1348 97.39
Ice 27.82 2.01
Below surface 8.06 0.58
Rivers and lakes 0.225 0.02
Atmosphere 0.013 0.001
TOTAL 1384 100
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otherwise it must be treated. There are only a few cases where seawater has

a direct use, such as the growth of certain algae strains. The details of the impuri-

ties of water are out of the scope of this chapter, and we encourage the reader

to look for specialized literature on the topic; however, it is interesting to

highlight the common presence of a number of species:

Suspended species, organic, or inorganic.

Dissolved salts: CO22
3 , NO2

3 , SO
22
4 , Cl2

Dissolved gases: O2, CO2

In industry, water is used as a cooling agent, separation medium, raw material

for chemical production, and as a mean to transmit pressure.

FIGURE 4.3

Water withdrawal and consumption across the world.

Igor A. Shiklomanov. State Hydrological Institute (SHI, St. Petersburg) and United Nations Educational,

Scientific and Cultural Organisation (UNESCO, Paris), 1999. World Resources 2000�01, People and

Ecosystems: The Fraying Web of Life, World Resources Institute (WRI). Washington DC, 2000, Paul Harrison

and Fred Pearce, AAAS Atles of population 2001, American Association for the Advancement of Science,

University of California Press, Berkeley.
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4.2 SEAWATER AS RAW MATERIAL
Seawater is a raw material and source for water and salts. Therefore, the methods

for processing seawater are either focused on recovering the liquid or separating

the salts.

4.2.1 WATER SALINITY

The salinity of water comprises the amount of solid matter in grams per kilogram

of seawater when the bromine and iodine have been replaced by the equivalent

chlorine, and when the carbonate has become oxide and the organic matter has

been oxidized completely. In Table 4.2 the main composition of the salts of vari-

ous oceans is presented. Note that the Dead Sea not only has a large salt content,

but also that the salt composition is different due to the large presence of MgCl2.

EXAMPLE 4.1

Compute the osmotic pressure of seawater assuming:

• The salt is NaCl.

• Van’t Hoff’s equation holds.

• NaCl dissociation degree can be found in Table 4E1.1.

Table 4.2 Salt Composition of Several Oceans and Seas

% Salts/Ocean Atlantic Mediterranean Dead Sea

% Salts 3.63 3.87 22.3
NaCl 77.03 77.07 36.55
KCl 3.89 2.48 4.57
CaCl2 � � 12.38
MgCl2 7.86 8.76 45.20
NaBr5MgBr2 1.30 0.49 0.85
CaSO4 4.63 2.76 0.45
MgSO4 5.29 8.34 �
CaCO31MgCO3 � 0.10 �

Table 4E1.1 Dissociation Degree of NaCl

[NaCl] (mol/L) α NaCl [NaCl] (mol/L) α NaCl

0.001 0.966 1 0.660
0.01 0.904 2 0.670
0.1 0.780 4 0.680
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Solution
In 1885 Van’t Hoff stated that for a diluted solution, the osmotic pressure

can be computed using the ideal gas equation of state where nef is the

effective concentration due to the actual dissociation degree of NaCl. Let n

be the moles of NaCl:

NaCl.Na1Cl

ð12αÞ α α
nef 5 nð11αÞ

Thus for the Atlantic Ocean:

CNaClDCsalts 5 3:63
g

102cm3

�
103cm3

L

�
5 36:3

g

L

�
mol

58:5g

�
5 0:6205M

αNaCl 5 0:7801
0:6602 0:780

1:02 0:1
ðCNaCl 2 0:1Þ5 0:711

nef 5 nð11αÞ5CNaClð11αÞ5 1:063M

πAtl 5
1:063 �0:082 �298

1
5 25:94 atm

Similarly, for the Mediterranean Sea, where the solute concentration is

0.00386 g/cm3 (see Table 4.2):

CNaClDCsalts 5 0:65983M

αNaCl 5 0:705

nef 5 nð11αÞ5CNaClð11αÞ5 1:129M

πMed 5
1:129 �0:082 �298

1
5 27:54 atm

4.2.2 SEAWATER DESALINATION

From a historical perspective, the first references to water treatment for purifica-

tion date back to 2000 BC. It was already known by that time that seawater might

be purified, in terms of its taste. For instance, Aristotle stated that saltwater,

when turned into vapor, becomes sweet, and that vapor does not form saltwater

upon condensation. In China, the use of bamboo and earthenware filters was

reported. By 1500 BC in ancient Egypt, coagulation was developed to settle parti-

cles using alum. It was not until 500 BC that Hippocrates discovered the healing

powers of water and invented bag filters to trap sediments responsible for bad
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odors. Another ancient method described by Tales and Democritus was the use of

sand and gravel filtration. This was reported after analyzing the water that entered

through wax walls in a vessel located in the ocean for some time. During the first

century, Pliny the Elder (AD 23�79) gathered the information available on

natural history, commenting on the methods he was aware of that related to

water purification. In China, they used leaves to concentrate the wine at that time.

Later in the second century, Alexander of Aphrodisia designed equipment for

evaporation and condensation of water—in other words, distillation. During

Roman times, civil engineering for water transportation was the main contribution

to the history of water processing. Another important discovery was the fact that

the ice generated out of seawater was sweet, a discovery made by Thomas

Bartholin, Robert Boyle, Samuel Beyher by the 17th century. Over the next two

centuries, the development of the already-known solar evaporation, distillation,

and freezing was the main contribution. During the 20th century, technology

allowed reverse osmosis and ion exchange. However, industrial development has

been slow.

The cost of water desalination is determined by a number of factors, such as

the process technology, the cost of energy, the unit capacity installed, and the

value of the byproducts. Among the methods, two types can be distinguished,

those aiming at water separation and those devoted to salt separation. The volume

of water is around 30 times that of the salts, thus it would be expected that, from

a thermodynamic point of view, it should be cheaper to recover the salts.

However, the technologies required for that purpose are more expensive. From an

industrial perspective, evaporation, freezing, and reverse osmosis are the most

common methods. Table 4.3 presents the energy required to produce 1 kg of

water, assumed to be at 20�C. For the sake of simplicity, no ebullioscopic or

cryoscopic effects are shown in these calculations. From a purely energy balance

point of view, evaporation is by far the most energy-intense method, while

reverse osmosis is the most promising. However, this procedure presents some

complications related to the membranes and their material. Comparing freezing

with evaporation, the latter requires more than six times as much energy, which

somehow points to freezing as a better alternative. Again, there are factors beyond

energy consumption. For instance, the ice crystals obtained during freezing

require a large amount of freshwater to be cleaned, to remove the rest of the salt.

Therefore, evaporation and distillation are nowadays the most-used methods.

Needless to say, these methods benefit from a knowledge of water thermodynamics.

Table 4.3 Energy Balance for Three Typical Desalination Processes

Method QSensible (kcal/kg) Qlatent (kcal/kg) Qtotal(kcal/kg)

Evaporation 80 540 620
Freezing 20 80 100
Reverse osmosis � � 3
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Table 4.4 reports some values of the cost of production using different methods.

The purer the water, the more expensive, but because of the distillation-based

method, the cost is almost independent of the salt content.

4.2.2.1 Technologies based on water separation
There are five core technologies based on water separation: evaporation, freezing,

hydrate production, extraction using solvents, and reverse osmosis.

4.2.2.1.1 Evaporation

It is the most widely used technology, and therefore the data available is

considerable Billet (1998). Its advantages versus other technologies are as follows:

• High production capacities.

• Low investment cost.

• High heat transfer yield.

• Seawater, properly processed, is not corrosive.

Evaporation-type technologies are based on steam economy. It consists of

reusing the steam generated at higher pressure to provide the energy for further

evaporation stages so that only one of the effects requires utilities. Thus, there

should be a negative gradient of pressure from one evaporation chamber to the

next as we progress downstream. This is to maintain the driving force, ie, the tem-

perature difference between the evaporation chamber and the condensation one.

The typical systems are multieffect evaporation systems. Seawater is fed to

the first effect, where utility steam is used for the evaporation. The steam

produced in the first effect is used to evaporate water out of the brine from the

previous effect. As the number of effects increases, the energy integration is bet-

ter, but the investment increases. Thus the optimal number of effects is typically

12. This gives a steam economy of 10, due to ebullioscopic effects, which is

10 kg of steam generated out of 1 kg of steam utility purchased. Before seawater

is processed, bicarbonates and CO2 must be removed. Fig. 4.4 shows a scheme

of a three-effect system. Apart from these, the use of open boilers (directly

heated) is interesting due to the possibility of producing salt in the form of

big crystals (McCabe et al., 2001).

One particular feature of the evaporation of water from salt solutions is the

effect of the salt concentration on the boiling point of the solution. Saline water

does not boil at the saturation temperature corresponding to the working pressure,

Table 4.4 Reference Cost for Some Technologies

Technology Multiple Evaporation Steam Compression Reverse Osmosis

Investment
(h/m3/day)

800�1000 950�1000 700�900

Cost (h/m3) 75�85 87�95 45�92
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but above that. A Dühring diagram is used to compute the increase in the boiling

point of the solution. Fig. 4.5 shows the Dühring diagram for NaCl solutions from

Earle and Earle (2004).

Evaporator design. There are two main types of evaporator design: single-effect

evaporators and multieffect evaporators Ocon and Tojo (1967).

Single-Effect Evaporators The aim is to compute the contact area required. We

proceed by formulating a mass and energy balance, and apply the design equation

for the energy transferred. Fig. 4.6 can be used as reference.

Let F, S, E, and W be the flow rates of the feed, the concentrated solution, the

evaporated solvent, and the steam used as heating utility, respectively. H is used

for vapor phase enthalpies, and h for liquid phase ones. T is used for temperature,

and xi is the mass fraction of the solute in stream i.

Global mass balance:

F5 S1E (4.1)

Mass balance to the solute:

Fxf 5 S �xs (4.2)

Enthalpy balance to the evaporator:

P
finHin 5

P
fout �Hout

W �Hw1F �hf 5W �hw 1E �He1S �hs 1 q

WðHw2hwÞ5E �He1S �hs2F �hf
(4.3)

Although the mass balance is formulated in a generic way, computing the

enthalpies of the different streams is a function of the properties of the solutions.

FIGURE 4.4

Three-effect evaporation system.
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FIGURE 4.5

Dühring diagram for NaCl solutions.

Reproduced with permission from: Earle, R.L., Earle, M.D., 2004. Evaporation. Unit Operations in Food

Processing, The New Zealand Institute of Food Science & Technology (Inc.).

FIGURE 4.6

Scheme of single-effect evaporator.
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If the solution heat is negligible, both hf and hs can be computed

using a reference temperature and the heat capacities. Thus, for saturated

steam as utility, the energy balance becomes the following, as given by

Eq. (4.4):

WðλwÞ5 ðF2 SÞ �He 1 S �hs 2F �hf (4.4)

If there is no ebullioscopic increment, E and S are in equilibrium at the same

temperature, Ts5 Te; thus the balance is as follows:

WðλwÞ5 ðF2 SÞ � ðλs 1 cpðTs 2TrefÞÞ1 S �cpðTs 2TrefÞ2F �cpðTf 2TrefÞ

for Tref 5 Ts

WðλwÞ5 ðF2 SÞ � ðλsÞ2F �cpðTf 2TsÞ

(4.5)

If the solution presents an ebullioscopic increment, the steam leaves the cham-

ber superheated and the enthalpy is computed as:

He 5 cp;vapðTs 2 Tsat;waterðPressureÞÞ1λs 1 cpðTsat;waterðPressureÞ2 TrefÞ (4.6)

If solution heat is not negligible, then enthalpy is not a function of tempera-

ture alone, but also of the concentration. For NaCl solutions, the increase

in the boiling point of the solutions is presented in the Dühring diagram in

Fig. 4.5. For NaOH solutions, Fig. 4.7 shows the correspondent diagram.

Furthermore, the enthalpy of the NaOH liquid solutions can be determined

using Fig. 4.8.

For an useful temperature interval, the driving force for the heat transfer in

the evaporator is the temperature gradient between chambers. In the evapora-

tion chamber, the temperature is that of the water boiling point plus the

ebullioscopic increment due to the solutes dissolved. In the condensation

chamber, there is saturated steam that condenses. Thus, the driving force is

given by:

ΔTuseful 5Tcond 2 Teb 2Δe (4.7)

The design equation for the evaporator is as follows:

Q5U � A �ΔT (4.8)

where U is the global heat transfer coefficient, A, the contact area, and ΔT is the

temperature gradient. See example 4.2 for the design of a single-effect

evaporator.
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FIGURE 4.7

Dühring diagram for NaOH.

Reproduced with permission from: McCabe, W.L., 1935. The enthalpy-concentration chart: a useful device

for chemical engineering calculations. Trans. AIChE 31, 129�169; McCabe (1935).
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FIGURE 4.8

Enthalpy of NaOH solutions.

Reproduced with permission from: McCabe, W.L., 1935. The enthalpy-concentration chart: a useful device

for chemical engineering calculations. Trans. AIChE 31, 129�169; McCabe (1935).
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EXAMPLE 4.2

A simple evaporator processes 10,000 kg/h of a NaOH solution, 20% by

weight. A final concentration of 50% is required. The available heating

utility is saturated steam at 5 atm, and the evaporation chamber operates

at 150 mmHg. The global heat transfer coefficient is 2500 kcal/m2h�C.
The feed to the system is at 20�C. Compute:

a. The flowrate of heating utility.

b. The area of the evaporator.

c. The steam economy of the system.

Solution
a. Fig. 4E2.1 shows a scheme of the operation.

We formulate a mass balance to the solids to determine the concen-

trated liquid flow rate, L, and the evaporated water, E:

F �xf 5 L �xL

L5

10000
kg

h
�0:2

0:5
5 4000

kg

h

F5 L1E

E5 6000
kg

h

Next, an energy balance to the system is formulated as follows:

W �Hw 1F �hf 5W �hw 1E �He 1L �hL

FIGURE 4E2.1

Simple evaporator.
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The enthalpies of the liquid streams—the feed and the concentrated

liquid, hf and hl, respectively—are shown in Fig. 4.8 as a function of their

temperature and composition. He is the superheated steam enthalpy, which

is a function of the ebullioscopic increment in the boiling point. Fig. 4.7

can be used to determine the difference in the boiling point of the product

liquid phase, L, taking into account that at 150 mmHg the boiling point

should be 60�C. The properties of the saturated steam can be taken from

tables. Thus, the energy balance yields:

W �λw;5atm 1F �hfð20�C; 20%Þ5
E �HeðHvsat;Teb150mmHg

1 0:46 �Δe50%Þ
1 L �hLðTeb150mmHg 1Δe50%; 50%Þ
W �503 kcal=kg1 10000 �14:2 kcal=kg5 6000 �643:4 kcal=kg1 4000 �136 kcal=kg

W 5 8400 kg=h

See Table 4E2.1 for the results.

b. Thus, the heat transfer area is determined as follows:

Q5W �λw 5U �A �ΔTutil.A5
W �λw

U �ΔTutil
5

4:23 �106kcal=h
2500

kcal

m2h�C
ð152:32 104:7Þ�C

5 36m2

c. The vapor economy, Ec, of the process is given by the following

equation:

Ec5
E

W
5

6000

8400
5 0:71

Table 4E2.1 Results

Heating Utility

Pressure (mmHg) 3800
T (�C) 152.315955
λ (kcal/kg) 503.115296

Solution

Pressure (mmHg) F L E (vapor rec)
Tini (�C) 20 104.7 104.7
C (%w/w) 20 50
Hdis (kcal/kg) 14.22852 136.374159 643.6

P (mmHg) T (boiling, water) C (%) T1Δe
Outlet 150 60.08�C 50 104.7
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Multieffect Evaporators This is the typical configuration for the operation of

evaporators. The vapor phase generated in the first effect is used to evaporate

water from the solution fed to the second effect. In order for the system to oper-

ate, as we go along the evaporator train, the evaporation chamber pressure

decreases to maintain a driving force between chambers. There are a number

of alternative operating conditions, depending on the direction of the flows and

the feed to the evaporators.

There are four types of feed systems:

a. Direct Feed. The direction of the vapor and that of the liquid to be

concentrated is the same along the evaporator train. Fig. 4.4 is an example of

this operation. The pressure at the evaporator chamber decreases in the flow’s

direction. The mass and energy balances to this system are given by the

following system of equations:

F2 Ln 5
P

n Ei

W �λw 1F �hf 5E1 �He1 1 L1 �hL1
E1 � ðλe1 1 0:46Δe1Þ1L1 �hL1 5E2 �He2 1 L2 �hL2
E2 � ðλe2 1 0:46Δe2Þ1L2 �hL2 5E3 �He3 1 L3 �hL3
Hei 5Hsat;boilingwater 1 cpΔei

hL;i 5 hdisð%i; Tb;water 1ΔeiÞ

(4.9)

b. Countercurrent feed. The direction of the heating vapor and that of the

liquid to be concentrated are opposite. The liquid is fed to the last effect.

See Fig. 4.9A.

c. Mixed feed. Part of the system is fed following a direct scheme and the rest as

countercurrent. See Fig. 4.9B for a scheme.

d. Feed in parallel. The liquid to be concentrated is simultaneously fed to all

effects.

There is a useful temperature gradient in a multieffect system. The actual

driving force is computed as the difference between the condensing temperature

at the steam chamber and the boiling point of water at the last of the effects.

From this difference we have to deduct the ebullioscopic increments in the

various evaporators of the system. Thus, the useful gradient of temperature

decreases with the number of effects, reducing the number of effects that can be

used. The advantage of the multieffect evaporator system is a lower energy

consumption, while its individual efficiency is lower than a single-effect system.

ΔTuseful 5 To 2 Tn 2
X

Δei (4.10)

There are two approaches that can be used for the design of a multi-

effect evaporator system. There is the computational-based one, depicted in
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Martı́n (2014), where advanced modeling and simulation techniques were

required to include the thermodynamic models of the mixtures; or the tradi-

tional iterative approach, based on the schemes in Figs. 4.7 and 4.8. For the

sake of argument, here we only discuss the second one and leave it to

FIGURE 4.9

Alternative feed structures: (A) Counter current feed, (B) Mixed feed, and

(C) Parallel feed.
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the reader to investigate the modeling-based approach. The iterative approach

consists of six stages:

1. Perform a mass balance to the system to compute the total vapor generated:

F5L1E (4.11)

2. Assume that all the effects are equal, including their size and the energy

exchanged. Thus we distribute the useful driving force among the effects

inversely proportional to the global heat transfer coefficient.

3. Formulate the energy balances to all effects.

4. Solve the system of equations evaluating the evaporated flowrate at each one

of them.

5. Compute the contact area of each effect. If they are the same, we are done.

If not, we must proceed to stage 6.

6. Redistribute the driving force as follows:

Δ0T1 5ΔT
q1=U1P
q=U

; Δ0T2 5ΔT
q2=U2P
q=U

(4.12)

EXAMPLE 4.3

In the production of NaOH from Na2CO3, a 12% w/w solution is obtained.

Its concentration for further use must be 38%. Thus a three-effect evapora-

tion system is employed. The initial feed consists of a flowrate of

13,500 kg/h at 25�C, and it is fed to the first effect in direct-feed operating

mode. Saturated steam at 4 kg/cm2 is available as heating utility. It leaves

the first effect as saturated liquid. The absolute pressure at the evaporation

chamber in the first effect is 0.1 kg/cm2 and the global heat transfer coeffi-

cients are 1460, 1250, and 1050 kcal/m2 h�C, respectively.
Assuming that all the effects are similar, and that we have as fuel a gas

mixture that is 90% methane and 10% nitrogen (by volume) at 25�C and

1 atm, determine the flowrate of fuel (m3/h) required for the operation of

the evaporation system if the combustion efficiency is 80%.

Solution
Fig. 4E3.1 shows the scheme of the process for concentrating NaOH using

a three-effect evaporator system. We follow the method proposed above.

Using a mass balance we compute the product, L5 4263 kg/h, and the total

vapor, E5 9237 kg/h. Assuming that all the effects work similarly, the

evaporated water at each effect is Ei5 3079 kg. With this and the mass

balances to each of the effects:

Li21 5 Li 1Ei

Li21 �xLi21 5 Li �xLi
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The composition of the liquid flows is as follows:

x1 5 0:155; x2 5 0:22; x3 5 0:38

Using Fig. 4.7, the ebullioscopic increments for the three-liquid

composition are 3�C, 5�C, and 23�C, respectively. The boiling point at the

third effect pressure, 0.1 atm, is 46�C.
Thus, the useful temperature gradient is as follows:

ΔTuseful 5 1442 462 32 52 235 67�C

Redistributing the temperature gradient inversely proportional to U we

have the following:

ΔT1 5 18:7�C; ΔT2 5 21:8�C; ΔT3 5 25:97�C

We now build Table 4E3.1. Starting from the highest temperature, that

of the saturated steam, we go down bit-by-bit, computing the temperatures

at the different effects and their boiling temperatures. Note that most of the

energy transfer from the supersaturated vapor to the next effect takes place

at the boiling point, and thus that temperature is used to compute the ΔΤ
for area calculation purposes. With these values in the second column

of Table 4E3.1, and the composition of the liquid phase, we compute

the enthalpies. For instance, the latent heats are evaluated at the boiling

temperatures (Tb), while the enthalpies of the vapor phases are those of the

superheated vapor at the chamber temperature (T).

We now can solve the energy balances to each of the effects to

compute W, E1, E2, and E3:

W �5101 13500 �205 ð135002E1Þ �1111E1 �646
E1 �527:51 ð135002E1Þ �1115 637E2 1 ð135002E1 2E2Þ �89
E2 �5451 ð135002E1 2E2Þ �755 617E3 1 4263 �75
E1 1E2 1E3 5 9237

FIGURE 4E3.1

Three effect evaporation system.
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Thus we obtain:

W 5 5100 kg=h; E1 5 2566 kg=h; E2 5 2921 kg=h; E3 5 3751 kg=h

We see that the evaporated flowrates are not the same, and neither are

the areas. Thus, we redistribute the temperatures again and go back.

Table 4E3.2 presents the results of the operation of the system.

Table 4E3.1 Enthalpy Data for Example 4.3

T
(�C)

λ
(kcal/kg) Reheat

Total
(kcal/kg)

Hdis

(kcal/kg)
Hvap

(kcal/kg)

Vapor 1 144 510 0 510
ΔT1 18.7
TI 125.2 111
Δe1 3
Tb I 122.2 526 1.5 527.5 646
ΔT2 21.8
T II 100.4 89
Δe2 5
Tb II 95.4 543 2.5 545 637
ΔT3 26
T III 69.4 559 75
Δe3 23
Tb III 46.4 571 11.5 583 617

Table 4E3.2 Results for Example 4.3
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The energy to be provided:

Wλw 5 2; 683; 000 kcal=h:

This energy is obtained from natural gas. The stoichiometry is as

follows:

CH4 1 0:11N2 1 2ðO2 1 3:76N2Þ-CO2 1 2H2O1 ð0:111 1:5 �3:76ÞN2

Assuming liquid water, the energy produced in the combustion of the

gas is computed as follows:

ΔHr 5
X

ΔHf

���
p
2
X

ΔHf

���
r
52 94:0521 2ð2 57:8Þ1 17:88952 191:76 kcal=mol

Assuming an efficiency of 80%, the flowrate of gas required is given

by the following expression:

n5
2:68 �106
0:8 �191:76 5 17500

molCH4

h
� 19700

molgas

h
� 480 Nm3=h

Sometimes in the evaporation the liquid is saturated and crystals are formed.

Therefore, apart from evaporators, the units act as crystallizers. Crystallization is

a separation based on the formation of a pure solid. In the case of penicillin, it is

from a solution and it occurs by supersaturation. In this way the solubility of the

solid in the solution is overcome. There is a phase equilibrium between the solid

and liquid phases. Three regions are found: undersaturated, metastable, and labile

solutions. Only in this last region are new crystals formed spontaneously, by

nucleation. In the metastable region crystals can grow, while in the undersaturated

region any crystals dissolve. Supersaturation can be accomplished by cooling/

heating, via evaporation of the solvent at constant temperature, or by using a

mixed process, adiabatic evaporation. Alternatively, supersaturation can be

achieved via precipitation using a chemical or salting-out by adding a second

solvent.

The analysis of crystallization processes is carried out using population

balances, accounting for the generation, growth, and death of the crystals.

This state can be modeled using a mass transport balance of the species from the

bulk to the solid. Assuming that the volume and the surface area are proportional

to a characteristic length, we obtain:

ρcαL
2 dL

dt
5

dρcV
dt

5
dM

dt
5A �NA 5A �KC �ΔCn 5βL2 �KC �ΔCn 5G (4.13)

This holds if there is uniform supersaturation of the media and there is no

crystal breakage (death); thus the growth rate is independent of the size,
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ie, McCabe’s ΔL law. It is widely used in crystallization modeling. By perform-

ing a population balance to a perfectly mixed tank, the concentration of particles

of size L, assuming mixed product removal, no5 n, no seeding and no breakage

of crystals, and that McCabe’s ΔL law holds:

@Vn

@t
5

@n

@t
1 n

@lnV

@t
5

ni

τi
2

no

τo
2

@Gn

@L
1B2D.

dn

n
52

dL

Gτ
-n5 noe

2L=ðGτÞ (4.14)

where G is the growth rate and τ the residence time (V/Q). The design of these

crystallizers is carried out by solving:

• Mass balance to the solute.

• Global mass balance. Accounting for evaporation rate.

• Residence time. Compute the size of the tank.

• Nucleation rate.

• Growth rate.

• Population balance. Compute total mass of crystals, M5 6αρpno(Gτ)
4.

• Modal size of the crystal. The dominant crystal size, LD, is 3 Gτ.

EXAMPLE 4.4

A three-effect evaporator system (see Fig. 4E4.1) is fed with 30 t of brine,

15% by weight of NaCl. From the first effect, 12 t of water are evaporated.

From the second, 8 t are evaporated, and 6 t from the last one. The salt

crystals are recovered in a conic hopper. During this operation, the level

inside the evaporator decreased. The cross-sectional area of the evaporators

is 15 m3/m. Table 4E4.1 shows the operating data of the system. Compute

the mass of NaCl obtained at each evaporator and the concentrated solution

obtained from evaporator III, if its final composition has to be 35%.

FIGURE 4E4.1

Scheme of three-effect evaporators with NaCl crystallization.
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Solution
We formulate the mass balances to the solid (a), the liquid (b), the brine

(c), and the crystals (d), for each effect as follows:

F �xf 1BC;I 5CI 1 LIxs;I ðaÞ
F �ð12 xfÞ1BWa;I 5VapI 1LIð12 xs;IÞ ðbÞ
BC;I 1BWa;I 5 hI �A �ρBrine ðcÞ
BC;I 5 solI � ðBC;I 1BWa;IÞ ðdÞ

where BC is the solids in the brine and BWa is the water in the brine;

C is the crystals generated; F, L, and Vap are the flows of liquid fed,

concentrated solution, and vapor; x is the salt concentration; h is the level of

brine descended; A is the cross-sectional area; sol is the solubility of the salt

in the operating conditions of the evaporators; and ρ is the brine density.
We do the same for effects II and III:

LI �xs;I 1BC;II 5CII 1 LIIxs;II

LI � ð12 xs;IÞ1BWa;II 5VapII 1 LIIð12 xs;IIÞ
BC;II 1BWa;II 5 hII �A �ρBrine
BC;II 5 solII � ðBC;II 1BWa;IIÞ

LIIxs;II 1BC;III 5CIII 1LIIIxs;III

LIIð12 xs;IIÞ1BWa;III 5VapIII 1 LIIIð12 xs;IIIÞ
BC;III 1BWa;III 5 hIII �A �ρBrine
BC;III 5 solIII � ðBC;III 1BWa;IIIÞ

We see that the variables that we have at each effect are as follows:

BC;i;Ci;BWa;i;Li

Table 4E4.1 Operating Parameters of the Multieffect Evaporator System

Evaporator

I II III

Feed (t) 30
Feed composition 0.15
Level decrease (m) 0.04 0.05 0.03
Evaporated water (t) 12 8 6
Solubility of NaCl % weight 30 32 35
Concentrated compositions % weight 18 22 35
Density (t/m3) 1.140 1.145 1.150
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We can actually solve each evaporator one after the other, or the three

simultaneously. See Table 4E4.2 for the results.

Therefore we obtain 3.23 t of crystals and a concentrated solution of

5.19 t of water 35% of NaCl.

Vapor recompression. This modification involves the compression of the vapor

generated in the evaporation. The compressed vapor is used as heating utility.

Solar evaporators: The operation of this units is based on gas�liquid separa-

tion with no boiling. The system consists of pools of water covered with plastic

or glass. The water evaporates to a dry air so that the distance to saturation is the

driving force for the process. Solar energy is the source for heating up the water,

and the evaporated water condenses on the surface of the films or the glasses.

Proper design allows collecting the condensed drops. Currently, work is being

carried out to overcome losses in efficiency due to the reflection of the transpar-

ent film, the drops on the surface, the water surfaces and that of the ground, and

the radiation from the water bulk. Fig. 4.10 shows schemes of several designs.

4.2.2.1.2 Freezing

Water desalination via freezing is based on the generation of a liquid�solid inter-

phase that is permeable to water only. The solid is obtained by freezing a layer of

water. The ice crystals remain in the water and must be recovered. The drawbacks

of this technology are that on the one hand there is salt trapped within the crystal,

and on the other hand the salt also remains on the crystal surface and freshwater

is needed for washing.

Taking a look at Fig. 4.11, the water phase diagram, we realize that by

reducing the pressure and removing the heat, it is possible to freeze water.

Table 4E4.2 Operating Parameters of the Multieffect Evaporator System

I II III

F5 30 LI5 20.06 LII5 11.59
xf5 0.15 xs,I5 0.18 xs,II5 0.22
BC,I5 0.2052 BC,II5 0.27 BC,III5 0.1811
Ba15 0.4788 Ba25 0.5839 Ba35 0.3364
CI5 1.43 CII5 1.06 CIII5 0.73
LI5 17.07 LII5 11.59 LIII5 5.19
xs,I5 0.18 xs,II5 0.22 xs,III5 0.35
Vap15 12 Vap25 8 Vap35 6
hI (m) 0.04 hII (m) 0.05 hIII (m) 0.03
ρ1 (t/m3) 1.14 ρ 2 (t/m3) 1.145 ρ 3 (t/m3) 1.15
Area (m3/m) 15 Area (m3/m) 15 Area (m3/m) 15
Sol 0.3 Sol 0.32 Sol 0.35
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Furthermore, by compressing a vapor phase at constant temperature, it is also

possible to obtain crystals. There are two main methods for doing this:

a. Water expansion. Vacuum freezing. Seawater is frozen at 24�C and 3 mmHg.

In the evaporation it cools down, generating the ice crystals. To maintain the

vacuum, the vapor generated in the expansion must be removed either using a

compressor or by absorbing it into a hydroscopic solution. The large amount

of vapor generated is a technical challenge.

b. Use of a refrigerant. We use a refrigerant whose vapor pressure is above that

of water and that is not miscible with it; for instance, butane. When it is

expanded, the cooling process freezes the water, generating ice crystals that

are easily separated. Fig. 4.12 shows the cycle. The ice is melted, cooling

down the refrigerant after recompression, and the water is either used to wash

the crystals or as product.

4.2.2.1.3 Hydrate production

This method consists of the production of hydrates by combining water and

halogenated organic chemicals. These species can be separated from the brine

and later decomposed to recycle the organic species.

FIGURE 4.10

Solar evaporators.

FIGURE 4.11

Water phase diagram.
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4.2.2.1.4 Extraction using solvents

An organic solvent, immiscible with the brine and partially miscible with fresh

water, is used for extraction.

4.2.2.1.5 Reverse osmosis

Reverse osmosis is the process by which a semipermeable membrane is used to

separate or purify a liquid by permeation King (1980). The concentrated solution

cannot permeate it. This technology allows the highest level of separation

between salts and water, and it is based on the natural operation of living organ-

isms. The osmosis process was the one observed. When two solutions of differ-

ent concentration are put into contact across a membrane, water flows from the

less concentrated chamber to dilute the second solution (Fig. 4.13A). This flow

only stops when the pressure at both sides reaches an equilibrium (Fig. 4.13B).

This phenomenon is known as osmosis. Osmotic pressure is so-called because

the increase in the volume, and thus in the liquid height, generates a difference

in hydrostatic pressure.

The osmotic pressure for two components (the solute and the liquid) in the

equilibrium across a membrane can be estimated as follows:

ΔPeq 52 ðRT=VAÞln ßA (4.15)

FIGURE 4.12

Freezing desalination.
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For a dilute solution:

ln ßA52 ðnB=nAÞ (4.16)

where nA is the number of moles of solvent and nB is the number of moles of

solute. Upon observing this phenomenon, the idea of reversing it came to mind.

If a pressure equal to or above the osmotic pressure is applied to the side of

the concentrated solution (Fig. 4.13C), the solvent is forced across the membrane,

ie, reverse osmosis.

Separation factors. In reverse osmosis there are two driving forces. On the one

hand, there is the pressure difference. On the other hand, there is the gradient

in solute concentration. Thus, the flow of each of the species, the solvent (A) and

the solute (B), can be calculated as follows:

NA 5KAðΔP2ΔπÞ (4.17)

NB 5KBðCB1 2CB2Þ (4.18)

where NA and NB are the flows of both components across the membrane

(A represents water and B represents the salt).

ΔP: Pressure difference across the membrane.

Δπ: Osmotic pressure difference across the membrane.

CB1, CB2: Salt concentration at both sides of the membrane.

KA, KB: Empiric constants as a function of the membrane and the salts.

In the equilibrium the ratio
CA2

CB2

should be proportional to
NA

NB

. Thus dividing

both expressions we have:

CA2

CB2

5
NA

NB

5
KAðΔP2ΔπÞ
KBðCB1 2CB2Þ

(4.19)

Assuming that the membrane does not allow the salt to cross, the following

relationships hold:

CB2-0 and CB2{CB1

FIGURE 4.13

Reverse osmosis.
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Thus, Eq. (4.19) becomes:

αA2B 5
CA2

CB2

5
NA

NB

5
KAðΔP2ΔπÞ

KBðCB1Þ
(4.20)

Rearranging the variables we have Eq. (4.21):

CA2CB1

CB2

5
KAðΔP2ΔπÞ

KB

(4.21)

Thus, the separation factor f becomes:

CA2CB1

CA1CB2

5
ðCB=CAÞ1
ðCB=CAÞ2

5
KAðΔP2ΔπÞ

KBCA1

5 f (4.22)

where 1/CA1 is equal to 1/ρA, water density, which is constant.

Membrane characteristics. Membranes are the key element in reverse osmosis.

They allow the flow of solvents and reject salts. Their filtration capacity depends

on the chemical composition of the fluid to be processed and the interaction with

the solute. Furthermore, the material behaves differently when the process takes

place at different temperatures and pressures. Finally, the amount of solids to be

removed also affects the purification process. Therefore, there are some general

characteristics that a material must have in order to be used as a membrane:

• It must be highly permeability to freshwater and must reject salts.

• It should be resistant to chemicals.

• It must have high stability over a wide range of pH.

• It must have high resistance to pressure.

• It must have high endurance.

Types of membranes by materials. Inorganic membranes are made of ceramic

materials that present high chemical stability. However, they are fragile and

expensive, and therefore their use is only recommended for high-temperature

processing.

There are two types of organic membranes that can be distinguished as a func-

tion of their chemical composition: cellulosic membranes and aromatic polyamide

membranes.

Cellulosic membranes are based on cellulose acetate, and are appropriate for

processing large flow rates. They can be arranged as pipes, as plane sheets in spi-

ral, or as hollow fibers.

Aromatic polyamide membranes typically process smaller flowrates, but their

specific surface is 15 times larger than that provided by their cellulosic counter-

parts. Furthermore, they are more stable against chemical and biological agents.

Membrane configurations. There are four membrane configurations: modules

with plane membranes, modules with tubular membranes, modules with spiral

membranes, and modules of hollow fiber.

Modules with plane membranes: This configuration is no longer in use due to its

high price. It typically provides 50�100 m2/m3 and pressure drops of 3�6 kg/cm2.
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A preliminary filtration is required to remove suspended solids, and the membrane

must be supported. The regeneration requires high-pressure water or the use of

chemicals. The product purity is high.

Modules with tubular membranes: These membranes are allocated inside

porous tubes that provide support. The surface area that they provide is

50�70 m2/m3. Pressure drops of around 2�3 kg/cm2 are also typical. These mod-

ules do not require previous filtration, and they can be regenerated chemically,

mechanically, or using pressurized water. The cost is also typically high.

Fig. 4.14 shows the packing of these membranes inside the tube.

Modules with spiral membranes (axial or radial flow): These modules are

built by surrounding a permeable tube with the membranes separated by porous

material. They allow good purification, and different structures and materials are

employed such as spiral polyamide and spiral cellulose acetate and triacetate. The

modules can be standard or for high rejection. In this last case the production

capacity is lower in order to increase the purity of the product by rejecting

90�99% of the NaCl. The surface area provided is 600�800 m2/m3 for a pressure

drop of 3�6 kg/cm2. They require preliminary filtration to remove particles from

10 to 20 μm. Membrane cleaning can be carried out with pressurized water or

using chemicals. The cost is lower than the previous configurations, but they need

support for the membrane. Fig. 4.15 from AMTA shows the scheme of the

configuration, operation, and construction. The feed solution permeates across

the layers of membrane material until it reaches the center tube that recovers the

permeate. The rest remains in the membrane.

Modules of hollow fiber: The surface area they provide is large,

6000�8000 m2/m3, with a low-pressure drop of 0.2�0.5 kg/cm2. These modules

require preliminary filtration to remove particles from 5 to 10 μm. They can be

cleaned chemically or with pressurized water. The cost is low and they do not

need support for the membrane. Fig. 4.16 shows a scheme.

FIGURE 4.14

Tubular membranes.
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Operation of the membrane modules. Membrane modules can be operated in

several configurations: parallel, series, and series production.

In parallel the units operate under the same pressure conditions, producing the

same product quality. Typically after the filters, pH is adjusted and chemicals

are added. Fig. 4.17 shows the scheme of the installation.

In series the material rejected from the previous unit is processed again to

increase production capacity. Fig. 4.18 shows the scheme of the installation.

In series production they are meant to produce high-quality products by proces-

sing the permeate of the first system again. The concentrated solution for the second

system is recycled to the first one. Fig. 4.19 shows the scheme of the installation.

The modules can operate at three different pressures, depending on the feed to

process:

• Low-pressure (10�15 atm) modules: Appropriate for low salinity brines

(800�1000 ppm). Ion exchange resins can compete with them.

• Medium-pressure modules (28�35 atm): For salt solutions of

4000�5000 ppm. These were the first on the market.

• High-pressure modules (35�80 atm): Designed to obtain freshwater from

seawater since the osmotic pressure is typically from 22 to 27 atm.

FIGURE 4.15

Spiral membranes.

FIGURE 4.16

Hollow fiber membrane.
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FIGURE 4.18

Series operation of membrane systems.

FIGURE 4.17

Parallel operation of membrane systems.

FIGURE 4.19

Series production configuration.
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To design the membrane modules, we use example 4.5 below. The design

equations are given by the flow of solvent and that of salts as presented above in

the text.

EXAMPLE 4.5

Design of reverse osmosis systems. The system is fed with a flow rate of

2.5 kg/s at 8000 kPa. The permeate intended is 1 kg/s at 101 kPa, and the

rejected is at a pressure of 7800 kPa.

Data:

Permeability to water: 2.0953 1026 kg/m2 s kPa

Permeability to salt: 3.1533 l025 kg/m2 s

Initial salinity: 42.000 ppm

Permeate salinity: 145 ppm

Solution
We formulate a global mass balance (M) where f, p, and R refer to feed,

permeate, and retentate, respectively. Thus, the flow of retentate is as

follows:

Mf 5Mp 1MR

2:55 11MR-MR 5 1:5 kg=s

Now, a mass balance to the solute is formulated to compute the

concentration:

Mf �xf 5Mp �xp 1MR �xR
xR5 69903 ppm

We assume that all the salts are NaCl. Thus the osmotic pressure of the

three solutions is as follows:

πf5 ðxf=MNaClÞ �1000 �8:314 �2985 1779 kPa

πR5 2960 kPa

πp5 0:006 kPa

Bear in mind that in the side of the feed there is a gradient of concen-

trations since the flow is concentrated. Thus, an average osmotic pressure

is calculated as follows:

πf
0
5 0:5ðπf1πRÞ5 2369 kPa
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And the gradient in osmotic pressure between the permeate and the

feed region is as follows:

Δπ5πf

0
2πp 5 2369 kPa

The pressure gradient applied to the membrane module is as follows,

taking into account that at the feed side there is also a pressure gradient:

ΔP5 0:5 � ð80001 7800Þ21015 7799 kPa

Thus, the permeate flow is as follows:

Mp5A �kw � ðΔP2ΔπÞ

That allows computation of the area required:

ð1Þ5Að2:0953 1026Þ ð77992 2369Þ
A5 87:9 m2

We can validate the design by using the salts flow. The mean salinity

in the feed side is as follows:

x5 ðMf �xf 1MR �xRÞ=ðMf 1MRÞ
5 ðð2:5Þð42Þ1 ð1:5Þð69:903ÞÞ=ð2:51 1:5Þ
5 52:46 kg=m3

Using the design equation for the solids, we have:

Ms 5A �ks �ðx2 xpÞ

We compute the area, and the results are the same as before:

ð1Þð0:145Þ5Að3:1533 1025Þð52:462 0:145Þ

A5 87:9m2

Reverse osmosis has a wide range of applications apart from seawater

desalination; for instance, the cooling cycles in chemical plants and boiler

operation both require pure water. In the operation of these systems, water is

evaporated and thus salts are concentrated in the solution. Therefore, salt removal

is required at some point.

4.2.2.2 Technologies based on the separation of salts
There are three technologies based on the separation of salts: electrodialysis, ion

exchange, and chemical depuration.
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4.2.2.2.1 Electrodialysis

This is used to transport salt ions from one solution through ion exchange

membranes to another solution under the influence of an applied electric potential

difference. The efficiency is computed using the following expression:

ξ5
ZFQðCd

inlet 2Cd
outletÞ

I
(4.23)

where Z is the charge of the ion, F is the Faraday constant, Q is the flow rate of

the diluted solution (L/s), C is the concentration of the diluted solution at the inlet

and at the outlet (mol/L), and I is the current in amperes.

4.2.2.2.2 Ion exchange

It is used to capture certain ions as a function of their charge. Thus, cationic

and anionic resins are available. The exchange between the resin and the ions is

as follows for both types of resins, respectively:

Cationic R2H1M1’-R2M1H1

Anionic R2OH1A2’-R2A1OH2

The ion exchange beds cannot handle brines with concentrations above

3500 ppm. Therefore, the applicability is restricted to water cycles in boilers and

low salinity aquifers with high content in calcium and magnesium.

4.2.2.2.3 Chemical depuration

In this process, seawater is treated with Cl2 and CuSO4 to precipitate the organic

matter. Next, CaO and CaCO3 are added to remove ions such as Cl2, SO4
22,

Mg21, and Ca21 by precipitation. The water is next treated with NH4HCO3

to precipitate NaCl. Finally, active carbon allows one to achieve water with

200�300 ppm of salts. The bed of active carbon is regenerated using NaOH and

HCl. A flowsheet for the process is shown in Fig. 4.20.

FIGURE 4.20

Chemical water purification.
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4.2.3 WATER ELECTROLYSIS

Water decomposition leads to the production of hydrogen as the most valuable

product. The use of electrolysis has been an alternative for quite some time. It has

recently received more attention with the development of renewable technologies

to produce power from solar to wind energy. However, the high cost (2.6�4.2

$/kg) makes it not as interesting from an industrial point of view, and thus natural

gas steam reforming or hydrocarbon partial oxidation are the most widespread

methods, as we will see in Chapter 5, Syngas. In spite of the reduced industrial

use, less than 3% of hydrogen is produced using electrolysis; we need to bear in

mind that the use of hydrocarbons as a source for hydrogen is not carbon-efficient

since they have fixed CO2 from the atmosphere and only H2 is taken from them.

Furthermore, electrolysis using renewable sources (Davis and Martı́n, 2014) has

lately become an alternative to store solar (photovoltaic or PV solar, concentrated

solar power) and wind energy in the form of chemicals (using CO2 as a source of

carbon). Thus, the process is twofold: renewable energy storage, and CO2 capture

and utilization.

Water decomposition into its components requires high energy consumption.

Water formation energy, ΔHf, is 68.3 kcal/mol at 25�C. However, only the

fraction corresponding to the Gibbs free energy can be provided as work

(ΔG5 56.7 kcal/mol at 25�C), and the rest (TΔS) needs to be provided as heat.

ΔGf 5ΔHf2TΔS (4.24)

Solutions with free ions allow current conduction. Thus, the electromotive

force that allows conduction is the decomposition potential. The theoretical

minimum for the reversible water decomposition can be computed using the

Nernst equation as follows:

ΔG5 nFE5 23 965403E

ΔG-E5 1:23 V at 25�C

ΔH-Eeq 5 1:48 V at 25�C

(4.25)

The potential difference between both has to be provided by heat. In practice,

the actual potential to be applied needs to be from 1.8 to 2.2 V due to the Ohmic

loss in the electrolyte, those of the electrodes, and the polarization overpotential.

There are a few basic definitions used to characterize the efficiency of the

operation of a system.

Unit energy consumption corresponds to the energy consumption to produce

a unit of the product. Its inverse is the product obtained per unit of energy,

the energy yield of the process.

The energy ratio is the ratio between the theoretical work (Gibbs free energy)

and the power used to produce a certain amount of product:

η5
nelectrons �F �V

Ee

(4.26)
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Energy efficiency is the ratio between the energy stored in the product,

the low heating value, and that consumed to produce it. Commercial plants operate

from 50% to 75% energy efficiency.

The current yield computes the ratio between the theoretical power and that

used for the production of a certain amount of product:

ε5
n � F
I � t (4.27)

where F is equal to 96,485 C/mol (1 F is the charge of a mol of electrons).

The units are equivalent to J/V mol or A�s/mol since 1 Coulomb5 1 A�s and

1 Volt5 Joule per Coulomb.

4.2.3.1 Commercial electrolyzers
There are two distinct designs: those that use electrolyte solutions and those that

employ solid polymer electrolytes. The most used are the first class, and they

present two configurations: tank-type and press filters.

1. Tank-type electrolyzers are also known as unipolar electrodes. Each cell

consists of a cathode and anode and room for the electrolyte. The electrodes

may be separated or even isolated by a diaphragm. The electrodes are

connected in parallel and the number of cells needed to reach the production

capacity represents the electrolytic system. The potential difference is the

same for each cell. The H2 and O2 are collected through pipes connected to

the anodic and cathodic places, respectively. This is the oldest configuration.

Only a few parts are needed to build them, and they are relatively

inexpensive. Tank-type electrolyzers optimize a lower thermal efficiency, and

they are typically used for their lower power costs. Furthermore, in terms of

maintenance, the individual cells can be isolated or replaced independently

of the rest of the configuration. They provide low potential difference and

high intensity, and the purity of the hydrogen produced is high.

2. Filter press cells, or bipolar electrolyzers, have their electrodes in series so

that one face acts as the cathode and the other as the anode, which results in a

compact configuration. Between each electrode there is a diaphragm. They are

connected to the electrical grid through the terminal electrodes, simplifying

the installation, so that the potential difference is the summation of that

corresponding to each element. Thus they work with low current intensity

and high potential difference.

In both cases, the electrolyte solution flows in order to be cooled down

continuously, and is recycled back to the electrolyzer. This stage represents the

major water consumption of the plant. Fig. 4.21A shows a scheme for tank-type

electrolyzers, and Fig. 4.21B shows an example of a filter press cell.

Water electrolysis using solar or wind energy has focused on the production

of hydrogen for the so-called hydrogen economy. Fig. 4.22 shows a flowsheet for

that process. It can operate at atmospheric pressure or above (30 atm) at 60�80�C
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and with an electrolyte solution, KOH 20�40 wt%. Typically, 500 Nm3/h of

hydrogen are produced per unit, consuming 0.9 L of water per Nm3 of hydrogen.

The power required is 175,000 kJ/kgH2 (NEL Hydrogen, 2012). Once the water is

split, both gas streams must be purified. The oxygen stream contains water that

is condensed, and is later compressed and dehydrated using silica gel or a similar

adsorbent. For the hydrogen-rich stream, we do not only need to remove the water

that saturates the stream, but more importantly, the traces of oxygen. Therefore, a

deoxo reactor that uses a small amount of the hydrogen produced converts the

traces of oxygen into water. Finally, a dehydration step using adsorbent beds

is used before final compression.

Lately, this hydrogen has been used to hydrate CO2 and to produce chemicals

such as methane, methanol, and DME as a way to store energy. Table 4.5 shows

the comparison of these processes based on the work by Martı́n (2016).

See Chapter 5, Syngas, for synthesis details.

FIGURE 4.22

Production of hydrogen and oxygen from water electrolysis.

FIGURE 4.21

Schemes for electrolyzers: (A) Unipolar, and (B) Bipolar.
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4.2.3.2 Fuel cells
Fuel cells perform the opposite chemical reaction—they transform hydrogen and

oxygen into electrical energy. The advantage is the absence of mobile parts, so

there is no need for recharge; they have been used in spaceships since the 1960s.

H2 1
1

2
ðO2 1 3:76N2Þ-H2O1Q1Power

The process is highly efficient, has no emissions, is quiet, and the byproduct

is water. The main drawbacks of the technology are the storage of the hydrogen,

the size and weight of the cells, and the high cost of hydrogen. There are a few

car makers who have produced models running on hydrogen over the last

few decades, but the supply chain of hydrogen is not developed to the point

where making the cars is a commercial prospect.

Fig. 4.23 shows an acid fuel cell. The hydrogen is injected into the anode

region. It crosses it and reacts with the oxygen at the electrolyte, producing water

that exits with the excess of air used. The alkali kind of cell works the opposite,

and the water is produced on the hydrogen side.

Table 4.5 Yield to Products and Consumption for CO2/H2-Based Processes

Main Product/Other Products and Raw Materials CH4 CH3OH DME

CO2 captured (kg/kg) 3.0 1.4 1.9
H2O consumption (kg/kg) 2.8 1.2 1.3
O2 production(kg/kg) 3.3 1.5 2.1

FIGURE 4.23

Fuel cell.
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EXAMPLE 4.6

We would like to produce 2 kg/s of hydrogen at 30 bar via water electroly-

sis. We have several sources of renewable energy, including solar, wind,

and biomass. The oxygen produced has to be compressed up to 100 bar for

its storage. Assume complete water breakup into hydrogen and oxygen,

pure hydrogen from the cathode and oxygen from the anode. The compres-

sor’s efficiency is 85%, and the electrolysis occurs at 80�C. The electro-

lytic cell has an energy ratio of 60%. Assuming that the polytropic

coefficient is k5 1.4:

a. Compute the energy required for the process.

b. Select the technology using the information in Table 4E6.1.

c. Determine the price of the wind energy for it to be more profitable if the

carbon tax for CO2 emission is 40h/t and the ground is at a cost of 25h/m2.

Solution
a. The energy required is that needed to split the water, and for gas

compression.

Energy5E1 W(Oxygen line)1 W(Hydrogen line)

For the electrolyzer we have the following reaction:

H2O-1/ 2 O2 1 2H1 1 2e2 E52 1:23 V

2H1 1 2e2-H2 E5 0 V

E5 0� ð2 1:23Þ5 1:23 V

η5 0:65
nH2

�e �F �V
Ee

5

2000 g=s

2
�2 �96500 �1:23
Ee

.Ee 5 395650 kW

The energy consumption of the compressors is computed using the

next equation. Considering that the compression cannot be made in one

stage (due to the pressure difference), but must be made in three stages,

the work used is computed as follows:

WðCompÞ5 3ðFÞ �8:314 �k � ðTin 1 273:15Þ
ððMWÞ � ðk21ÞÞ

1

ηs

Pout

Pin

� �1
3
k21
k

21

 !

The consumption of the H2 line is equal to 4568 kW.

The consumption of the O2 line is equal to 3285 kW.

Table 4E6.1 Information on the Technologies

Technology Cost (h/kW) CO2 Generated (kg/kW) Area (m2/kW)

Wind 1300 0.5 0
Solar 1150 1 5
Biomass 1000 0 10
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b. Now we compare the three technologies in terms of cost and emission

generation. In the table below, we see the cost of each technology con-

sidering not only the investment in the plant, but also the emission tax

and the cost for the area that will be used. Biomass turns out to be the

cheapest option.

Cost (h)

CO2

(kg)

Area

(m2)

Emission

(h/kg)

Ground

(h/m2)

Environmental

Impact (h)

Wind 1300 0.5 0 524,555,513 201,752 0 0.04 25 524,563,583

Solar 1150 1 5 464,029,877 403,504 2,017,521 0.04 25 514,484,047

Biomass 1000 0 10 403,504,241 0 4,035,042 0.04 25 504,380,301

c. In order for wind to be the cheapest option, its cost must be lower than

1250 h/kW.

4.2.4 THERMOCHEMICAL CYCLES FOR WATER SPLITTING

The energy for water splitting that can be provided as work, ΔG, becomes zero at

4000�C. Therefore at that temperature, only thermal energy would be necessary

for that operation, reducing the yield loss due to the production of power. Note

that it is infeasible from the practical point of view. In order to thermally split

water, we should be able to work at 700�900�C, which can be achieved at

nuclear reactors, for instance. To reach those temperatures, we can produce a

series of chemical reactions whose global operation yields water splitting, recy-

cling the other chemicals involved.

There are more than three hundred different cycles. To decide on a promising

alternative, the characteristics of the cycle that must be considered are the number

of reactions or steps; the number of elements involved; the cost and availability

of chemicals; the types of materials needed for construction and processes; the

corrosivity of the species involved; the safety, health, and environmental consid-

erations of the chemicals and the operating conditions; the effect of temperature

on costs; the maturity of the cycle; the thermal efficiency; the operating tempera-

ture; the similarity of reaction kinetics among the different stages (fast in gen-

eral); the purification of the products; and the fact that ΔG must be zero or

negative to reduce the energy requirements. We classify the cycles into four

groups: halides, oxides, sulfur, and hybrids (Aporta et al. (2011)).

4.2.4.1 Family of the halides
The general chemical reaction is as follows:

3 MeX2 1 4 H2O-Me3O4 1 6 HX1H2ðMe5Mn or Fe y X5Cl;Br or IÞ
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Since the 1970s the Euratom initiative (Ispra, Italy) has studied different

cycles. For instance, the one named Mark I uses mercury and bromide. The reac-

tions and their respective temperatures can be found below. The major risks are

in the operations with Hg and Br, which are health hazards:

CaBr2 1 2H2O.CaðOHÞ2 1 2HBr ½730�C�
Hg1 2HBr.HgBr2 1H2 ½250�C�
HgBr2 1 CaðOHÞ2.CaBr2 1HgO1H2O ½200�C�

HgO.Hg1
1

2
O2 ½600�C�

2H2O.H2O1H2 1
1

2
O2

Another cycle that avoided the use of such dangerous chemicals received the

name Mark 9, and was also proposed by Euratom. The cycle is as follows:

6FeCl218H2O-2Fe3O4112HCl12H2 ½650�C�
2Fe3O413Cl2 1 12HCl-6FeCl3 1 6H2O1O2 ½175�C�
6FeCl3-6FeCl2 1 3Cl2 ½420�C�

4.2.4.2 Family of the oxides
The general reaction is as follows:

3 MeO1H2O-Me3O4 1H2

Me3O4 1Q-3 MeO1 ð1=2ÞO2

where the metal (Me) can be Mn, Fe, or Co.

4.2.4.3 Family of sulfur
In this family, we highlight two cycles. The first one is the iodine�sulfur cycle,

given by the following reactions:

I21SO2 1 2H2O-2HI1H2SO4 , 100�C

2HI1Q-H2 1 I2 ½700�C�

H2SO4 1Q-H2O1 SO2 1
1

2
O2 ½850�C�

The second cycle is the sulfate one, given by the following set of reactions:

4FeSO4 1Q-2Fe2O313SO21SO3 1
1

2
O2 ½700�C�

2Fe2O313SO21SO3 1H2O-H2 1 4FeSO4
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4.2.4.4 Hybrid cycles
In parallel to the efforts presented above, the Westinghouse Corporation proposed

a hybrid cycle that combined an electrochemical stage (taking place at low tem-

perature), and another thermal one. The optimum efficiency, 40%, is obtained for

65% sulfuric acid. However, it can be increased up to 46% if the electrolysis

takes place in a series of stages.

SO212H2O-H2SO41H2 ½25�C; electrolysis�
H2SO4-H2O1SO2 1

1

2
O2 ½850�C�

4.2.5 SODIUM CHLORIDE INDUSTRY

Sodium chloride (NaCl) is the most abundant salt in seawater, and is the main raw

material for sodium and chloride chemical production Bertram (1993). The separa-

tion of NaCl had already been done in ancient times by solar evaporation of water.

An evolution of this method, adding green dyes (solivap green), is still in operation

today. Thus water is stored in low, deep pools exposed to high solar intensity. As

solar and wind energy evaporates water from the pools, different precipitates remain

in solution. In the beginning, CaCO3 and Fe(OH)3 precipitate. Later, as the density

increases, other salts precipitate. Table 4.6 shows the salt and purity obtained.

Following this procedure, we can recover up to two-thirds of the NaCl. In the

mother liquor there are still NaCl (up to 35%), MgSO4, MgCl2, KCl, and NaBr.

Thus, the procedure can continue. Therefore, we can obtain MgSO4 and KCl with

a low level of purity. We can treat the mother liquor with CaCO3 and/or MgCO3 to

produce Mg(OH)2. Next, by bubbling Cl2 gas, Br2 is generated. There are two

processes to carry out the production of Br2 from the mother liquor. The first one

(just described) is known as the Kubiersky method. The second is Dow’s method.

It is an electrolytic-based method to extract bromine from brine. It was patented in

1891. The brine is treated with sulfuric acid and bleaches to produce bromine by oxi-

dation of bromide, which remains dissolved in the brine. Next, the solution is dripped

onto burlap, and water is blown through it so that the bromine volatilizes. Bromine is

thus trapped with iron turnings to produce a solution of ferric bromide. By using

more iron metal, the ferric bromide is transformed into ferrous bromide. Thus free

bromine can be obtained by thermal decomposition of the last species.

Table 4.6 Salts Precipitated by Solar Evaporation

Density (kg/L) Species Precipitated Use

1.21 CaSO4�H2O
1.21�1.23 NaCl 96�98% Food industry
1.23�1.25 NaCl 92�95% Chemical industry
1.25�1.29 NaCl 92% Brine
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Various salts can be obtained from seawater, but the following sections focus

on the use of NaCl as a raw material for Na2CO3. Until the 1800s it was believed

that K2CO3 and Na2CO3 were the same species since they were both alkalis that

were obtained by calcinations and lixiviation of plants. The Na2CO3, also known

as washing soda, or soda ash, is of particular interest in the production of soaps,

glasses, as well as paper, phosphates, oxalates, and borax. The two processes that

have been used industrially are Leblanc’s process and Solvay’s process Solvay

Alkali GmbH (1998), Rauh (1993).

4.2.5.1 Production and use of sodium carbonate (Na2CO3)
4.2.5.1.1 Production via Leblanc’s process

Historical perspective: In 1775 the French Academy of Sciences offered an

award of 2400 Livres for a method to produce soda ash from sea salt.

Nicolas Leblanc (1742�1806), chemist and physician to Louis Phillip II, Duke of

Orléans, proposed a method and obtained the patent in 1791. That same year he

built a plant at Saint�Denis (Paris) worth 200,000 Louises to produce 320 tons of

product a year. The facility only operated until the Duke’s death by guillotine

in 1793. That forced him to open the patent and he was denied the award.

Napoleon returned the plant to Leblanc in 1801, but unable to upgrade it to

compete with the new processes, he committed suicide in 1806. In 1818 the first

plant was built in Germany, and later, in 1823, another was built in England.

Process: The process follows the chemical reactions below.

2NaCl1H2SO4-2HCl1Na2SO4

Na2SO4 1 2C-Na2S1 2CO2 ðNa2SO4 1 4C-Na2S1 4COÞ
CaCO3 1Na2S-Na2CO3 1CaS

Fig. 4.24 shows the scheme of the process. NaCl is mixed with sulfuric acid

and then the solution is heated. The HCl is vented to the atmosphere. Next, the

mass is exposed to direct flame to remove the remaining chloride. Coal and

calcium carbonate are then used in a proportion of 2:2:1 for the salt, the carbon-

ate, and the coal, respectively. The mixture is heated up to 1000�C in a furnace.

The black ash produced needs to be lixiviated to avoid oxidation to sulfate.

For that it is covered with water. The lixiviation takes place in stages. The final

FIGURE 4.24

Leblanc’s process for soda ash production.
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liquor is processed to precipitate the carbonate after cooling down the mixture.

Some of the drawbacks of the process are that all the reactions occur in

solid phase, being slow, and consume large amounts of energy. Furthermore, the

process presents several environmental concerns.

In those early days the HCl was useless and was vented. Furthermore, smelly

solid CaS was also produced, and had no further value either. When piled up, it

produced hydrogen sulfide. Because of these emissions, in 1839 the facilities

received a formal complaint due to the effect of the process on the surround-

ings. As a result, the British Parliament in 1863 passed the first of several

Alkali Acts, regarded as the first modern air pollution legislation. In this partic-

ular case, the Act did not allow venting of more than 5% of the HCl produced

in alkali plants. Absorption beds using charcoal were installed in the plants and

absorbed in water, producing hydrochloric acid. Later, the CaS was used to

recover the S and produce sulfuric acid, and the HCl was used to obtain Cl2
via oxidation.

EXAMPLE 4.7

We would like to produce 10 t/day of Na2CO3 using the Leblanc process,

given by the following reactions:

NaCl1H2SO4-HCl1NaHSO4

NaHSO4 1NaCl-Na2SO4 1HCl

Na2SO4 1 2C-2CO2 1Na2S

Na2S1CaCO3-CaS1Na2CO3

Compute the amount of raw material and byproducts, assume that the

conversion of the reactions is 100%, and the volume of commercial sulfu-

ric acid, considering that the concentration is 60�Be.

Solution
�Be is a density-based measurement. For liquids denser than water

10�Be is the density of a 10% solution of NaCl in water and

0�Be is the density of distilled water at 15.6�C.

�Be5 1452
145

ρrelative;15:6�C

For liquids less dense than water:

0�Be is the density value of a solution of 1 g of NaCl and 9 g of water;

10�Be is the value for distilled water at 15.6�C.

�Be5
140

ρrelative;15:6�C
2130
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Since sulfuric acid is denser than water, and �Be5 60, we use the

first of the two equations to compute the relative density to water, with a

result of 1.706. Water density at 15.6 is 0.999007 g/cm3 based on tables.

Thus the actual density is 1.7042 g/cm3. Using tables for sulfuric acid

(see Perry and Green 1997), we can interpolate the weight percentage for

the temperature of 15.6�C (Table 4E7.1).

Thus, for a density of 1.7042 g/cm3, we interpolate a mass fraction of

77.62%. From the mechanisms we compute a global reaction for the entire

process as follows:

2 NaCl1H2SO4 1 2C1CaCO3-2HCl1 2 CO2 1CaS1Na2CO3

Based on the stoichiometry of the reaction, and using a day as the basis

for the calculations, the moles of sodium carbonate needed in the process

are computed as follows:

mNa2CO3
5 10000 kg � 10; 000 kg

106 kg=kmol
5 94:34 kmol5 nNa2CO3

The need for raw materials is as follows:

mNaCl 5 2 �nNa2CO3
�MNaCl 5 2 �94:34 kmol �58:1 kg

kmol
5 11038 kg

mH2SO4
5 nNa2CO3

�MH2SO4
5 94:34 kmol �98 kg

kmol
5 9245:32 kg

mC 5 2 �nNa2CO3
�MC 5 2 �94:34 kmol �12 kg

kmol
5 2264:16 kg

mCaCO3
5 nNa2CO3

�MCaCO3
5 94:34 kmol �100 kg

kmol
5 9434 kg

Thus, the commercial acid that we need is computed from the pure raw

material as follows:

mH2SO4

���
commercial

5
mH2SO4

0:7762
5 11911 kg

VH2SO4

���
commercial

5
mH2SO4

���
commercial

1:7042 kg=L
5 6989 L

Table 4E7.1 Sulfuric Acid Densities (g/cm3)

% peso 15�C 20�C 15.6�C

77 1.6976 1.6927 1.6970
78 1.7093 1.7043 1.7087
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The products of the process are determined as follows:

mCaS 5 nNa2CO3
�MCaS 5 94:34 kmol �72 kg

kmol
5 6792 kg

mCO2
5 2 �nNa2CO3

�MCO2
5 94:34 kmol �44 kg

kmol
5 8301:92 kg

mHCl 5 2 �nNa2CO3
�MHCl 5 2 �94:34 kmol �36:5 kg

kmol
5 6887 kg

4.2.5.1.2 Production via Solvay’s process (ammonia soda process)

Chemical history of the process. In 1811 the French physicist Augustin Fresnel

discovered that sodium bicarbonate precipitates when carbon dioxide is bubbled

through ammonia brine.

NaCl1CO2 1NH3 1H2O-NaHCO3 1NH4Cl

This reaction takes place in a series of reactions as follows:

NH3 1H2O-NH4OH

2NH4OH1CO2-ðNH4Þ2CO3 1H2O

ðNH4Þ2CO3 1CO2 1H2O-2NH4HCO3

NH4HCO3 1NaCl-NH4Cl1NaHCO3

Ammonia acts as a buffer for high pH, at which sodium bicarbonate is not sol-

uble and precipitates. The bicarbonate is decomposed by heating, as given by the

following reaction:

2NaHCO3-Na2CO3 1H2O1CO2

However, the reversibility of the reactions requires that one of the raw materi-

als (NaCl or NH4HCO3) be fed in excess instead of in stoichiometric proportions.

The cheapest one, the NaCl, is the one fed in excess. To recover the precipitated

bicarbonate, the stream must be cooled down to 30�C so that it crystallizes.

From an industrial point of view, this process did not require sulfuric acid,

which was in high demand back then, and the reactions took place in solution.

However, the drawback of the process was the consumption of ammonia. Before

the Haber�Bosch process, ammonia was produced as a byproduct in charcoal

production or from manure decomposition. The high demand for ammonia, and

thus its cost, made the process difficult to scale up. The recovery of ammonia

within the process changed this aspect. In 1822 the recovery of ammonia was

already known. Using a strong alkali, Ca(OH)2, the ammonium cation was trans-

formed into ammonia that could be distilled. The Ca(OH)2 was internally
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produced using calcium carbonate, which decomposed into calcium oxide.

Finally, CaO reacted with water to produce the calcium hydroxide.

CaCO3-CaO1CO2

CaO1H2O-CaðOHÞ2
Thus NH3 was recovered as follows:

2NH4Cl1CaðOHÞ2-2NH3 1CaCl2 1H2O

CO2 1NH3 1H2O-NH4HCO3

The Solvay process can be summarized in the following global reaction:

2 NaCl1CaCO3-Na2CO3 1CaCl2

Although some of the reactions had been known since 1811, there were pro-

blems in the process design. In 1861 the Belgian industrial chemist Ernest Solvay

proposed the use of a 24 m tall absorption tower in which carbon dioxide was

bubbled through a flow of ammonia containing brine. This unit incorporated an

arrangement for cooling down the bicarbonate to separate it from the products.

Finally, ammonia was also recovered as suggested by Augustin Fresnel. By 1864

Ernest and his brother Alfred had built a plant near Charleroi (because of the

existing chemical industry in the region) to provide for coal and ammonia. The

production capacity was 200�250 t/yr. By 1880 Solvay’s process, which was

more environmentally friendly than Leblanc’s, completely displaced it.

Flowsheet. Fig. 4.25 shows the flowsheet for the production of sodium carbonate

from NaCl, coal, and calcium carbonate as raw materials.

The solution feed is treated with Ca(OH)2 and Na2CO3 to eliminate the cations

Mg21 and Ca21 in the form of Mg(OH)2 and CaCO3, since otherwise they would

precipitate with CO2. Next, Tower T-01 is fed with a saturated solution of NaCl.

This column receives the regenerated NH3 from T-05. The ammoniacal brine is

diluted with the water that accompanies the ammonia. To reconcentrate the solu-

tion, it is fed to T-02, a packed bed of solid NaCl. The ammonia brine is then fed

to Solvay Tower T-03, where it is put in countercurrent contact with the CO2 that

rises across the tower. CO2 streams with different concentrations are fed at vari-

ous levels. Concentrated CO2 from the decomposition of the sodium bicarbonate

is fed into the bottoms of the columns. Diluted CO2 from the decomposition of

calcium carbonate is fed above the cooling stage of the column (see Fig. 4.25).

The gas with a small content of CO2 exits the tower from the top. Along the

tower, the ammoniacal brine descends and is put into contact with gases with

higher concentrations of CO2 so that an equilibrium among the species NaHCO3/

NH4Cl/NaCl/NH4HCO3 is reached. The Solvay Tower uses double trays.

Furthermore, in the lower part there is a bundle of cooling tubes for reducing the

temperature to 30�C, allowing precipitation of the sodium bicarbonate and its sep-

aration. A suspension is obtained from the bottom of the tower.
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The equilibrium of the species is studied using the Jaenecke diagram

(see Fig. 4.26), which represents the pairs of species. From top to bottom the

anions are represented (Cl2 and HCO3
2), and from left to right the cations

(NH4
1 and Na1). The feed to the column is at opposite vertexes, NaCl and

NH4HCO3. The lever rule can be used to determine the feed composition as a

function of the ratio between those two. The product, NaHCO3, is at the right

bottom vertex. A line connecting this point to the feed point is extrapolated to the

equilibrium lines. Next, this point is connected to the NaCl vertex. We draw a

line parallel to this one by the feed point and to the right vertical axis and we

read the amount of product obtained.

A solution of NH4Cl with the suspended NaHCO3 exits from the bottom of

the Solvay Tower. A centrifuge filter is used to recover the crystals that are sent

to Furnace F-02 to be decomposed. The CO2 produced is a concentrated stream

that is injected at the bottom of the Solvay Tower. The sodium carbonate is

obtained from F-02. The NH4Cl solution is recycled to recover the ammonia.

In order to do this, a solution of calcium hydroxide, obtained from the decomposi-

tion of calcium carbonate and the reaction of the CaO with water, is used to

produce ammonia out of NH4Cl.

FIGURE 4.25

Solvay’s flowsheet.
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The rest of the units involved are T-04, which uses water to absorb the ammo-

nia from T-01 to T-03, and Furnace F-01, used for the production of calcium oxide,

the raw material used to produce the strong alkali in R-01 to recover the ammonia.

We can summarize the process into the following steps:

1. Production of a saturated solution of NaCl in water.

2. Decomposition of calcium carbonate:

CaCO3-CaO1CO2

The diluted CO2 is fed to the Solvay Tower at a medium point.

3. Production of the ammoniacal brine:

NaCl1H2O1NH3

4. Precipitation of bicarbonate by reaction of the ammoniacal brine with CO2:

NaCl1H2O1NH3 1CO2-NH4Cl1NaHCO3

5. Filtration of the bicarbonate crystals.

6. Thermal decomposition of the sodium bicarbonate. The concentrated CO2 is

recycled to T-03:

2 NaHCO3-Na2CO3 1H2O1CO2

7. Production of calcium hydroxide in R-01:

CaO1H2O-CaðOHÞ2
8. Ammonia recovery by distillation from the mother liquor coming from the

centrifuge using the calcium carbonate:

2NH4Cl1CaðOHÞ2-2NH3 1CaCl2 1 2 H2O

FIGURE 4.26

Jaenecke diagram.
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The process has a global chemical reaction given by the following equation:

2 NaCl1CaCO3-Na2CO3 1CaCl2

Solvay’s process consumes 0.8 t of coal per ton of soda ash produced, while

Leblanc’s process requires 3.5 t per ton, which represents a large savings in raw

materials. The only byproduct is calcium chloride, and it may represent a hazard

to the environment if not properly discarded.

EXAMPLE 4.8

A Solvay plant produces 10 kg/s of soda ash. The process is fed with a

10% molar excess of NaCl. Determine the amount of NaCl and NH3

needed, as well as the calcium carbonate used for the production of the

CO2 needed. Finally, compute the composition of the mother liquor in

terms of the ions in it.

Solution
We need to use the Jaenecke diagram to determine the equilibrium estab-

lished in Solvay’s Tower. In Fig. 4E8.1, the feed to the tower is plotted.

Since we use an excess of NaCl, and its composition with respect to the

ammonia is measured along the diagonal, the point is closer to the NaCl

vertex. We draw a line from the bicarbonate vertex to the feed, and extend

it to the equilibrium lines. Finally, a parallel to the line from this point

to NaCl is drawn from the feed point in the diagonal. We obtain the

NaHCO3.

FIGURE 4E8.1

Equilibrium composition.
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The composition of the mother liquor is shown in Fig. 4E8.1 in the

contact between the line from the bicarbonate vertex to the equilibrium

line. It is 12% HCO3
2, and the rest Cl2; and around 11% Na1, and the

rest ammonium.

Therefore, 40% sodium bicarbonate is obtained per mol of initial

mixture. The rest is in the mother liquor. NaCl usage is 40/52. Therefore,

per 100 mol of NaCl fed to the system, we produce 76 mol of NaHCO3.

The rest of the NaCl remains in the mother liquor.

Using the production capacity as a basis for our calculations, according

to the stoichiometry of the reaction,

2 NaHCO3-H2O1CO2 1Na2CO3

The moles of bicarbonate needed are twice those of the final product

obtained:

NNa2CO3
5 10=ð23 �21 121 3 �16Þ5 0:094 kmol=s

NNaHCO3
5 2 �NNa2CO3

5 0:189 kmol=s

On the other hand, in Solvay’s Tower we have the reaction given by

the following equation:

NaCl1CO2 1NH3 1H2O-NaHCO3 1NH4Cl

Per mol of initial mixture, we produce 0.4 mol of NaHCO3. Therefore

to produce 0.189 kmol of bicarbonate, we need 0.189/0.45 0.4717 kmol

with a composition of 52% NaCl and 48% NaHCO3. With the yields

determined above, the initial mixture has the following composition:

NðNaClÞ5 ð100=77Þ �0:1895 0:4717 �0:525 0:245 kmol=s

NðNH3Þ5 ð0:189Þ=ð0:4=0:48Þ5 0:4717 �0:485 0:226 kmol=s

To evaluate the recovery of ammonia, we consider the NH4Cl pro-

duced. Based on the stoichiometry of the reaction we produce as much

NH4Cl as the bicarbonate produced, since the reaction produces 1 mol of

NH4Cl per mol of bicarbonate. Thus, to treat it and recover the ammonia

we use the following reaction:

CaðOHÞ2 1 2 NH4Cl-CaCl2 1 2 NH3 1 2 H2O

We need 0.5 mol of Ca(OH)2 per mol of NH4Cl. Therefore, we need

0.0943 kmol/s of Ca(OH)2 and we recover 0.189 kmol/s of ammonia. To

obtain the calcium hydroxide, we need as many moles of calcium carbonate:

CaCO3-CaO1CO2

CaO1H2O-CaðOHÞ2
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Thus we need 0.0943 kmol/s of CaCO3. That produces 0.0943 kmol/s

of CO2. The other source of CO2 is the decomposition of the bicarbonate:

2 NaHCO3-H2O1CO2 1Na2CO3

From this reaction 0.0943 kmol/s of CO2 are also produced. Thus the

total CO2 feed to the process is 0.189 kmol/s.

Typically the Cl2 goes to the mother liquor. As a result, and with the

composition of the mother liquor, it is possible to compute the kmols of

liquor.

There are a number of variants of the ammonia�soda process. Among them

the one that has received the most attention is the dual process that combines

soda ash production with ammonium chloride production. It is of particular

interest in Japan due to the high cost of imported rock salt. Another one is based

on the oversaturation of ammonia chloride with ammonia, which dissolves NaCl.

When adding ammonia and CO2, NaNH4CO3 precipitates. It is filtered and

decomposed into Na2CO3 and NH3. The mother liquor is heated up to 40�50�C,
releasing ammonia so that NH4Cl precipitates. The crystals are separated by

filtration and the mother liquor is treated with ammonia and CO2 to produce

NH4HCO2. By adding NaCl, NaHCO3 precipitates and we obtain NH4Cl.

4.2.5.1.3 Usage of soda ash

The product is obtained as crystals of sodium carbonate decahydrated. It is used

for the production of glass. This use represents more than half of the production

of the soda ash worldwide since bottle and window glass are made by mixing

Na2CO3, CaCO3, and SiO2. It is also used to treat water to remove Ca21 and

Mg21 from it. Soda ash is used in the production of soaps since it is cheaper and

easier to handle than NaOH. Instead of transporting NaOH, which is hydroscopic,

it is produced in situ via the following reactions:

Na2CO3 1CaðOHÞ2.CaCO3 1 2NaOH

CaCO3.CaO1CO2

CaO1H2O.CaðOHÞ2
It is also used in the production of paper to separate the lignin from the cellu-

lose via the sulfite method. Moreover, it can be used to produce pigments and

dyes. Its anion belongs to a weak acid that allows easy release of the sodium.

Furthermore, we can produce sodium bicarbonate. Even though the NaHCO3 is

produced in the Solvay process directly, it is actually cheaper to use the final

product and react it with CO2 to produce pure bicarbonate. The bicarbonate is

also used in baking soda production and fire extinguishers. As an alkali it is used

to remove SO2 from the flue gases in thermal plants.
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EXAMPLE 4.9

Evaluate a process for the production of NaOH from a solution of sodium

carbonate whose composition is given in Table 4E9.1.

This solution reacts with commercial calcium hydroxide (slaked lime)

that contains CaO (burnt lime or quick lime), and as an impurity, CaCO3,

due to the production process of the calcium hydroxide:

CaCO3-CaO1CO2

CaO1H2O-CaðOHÞ2
The desired product is a solution with the composition given in

Table 4E9.2.

Compute, per 100 kg of product:

1. The amount of alkali solution.

2. Composition and amount of commercial lime solution.

3. Reactant in excess and excess percentage.

4. Conversion.

Solution.
The main reactions that take place are the following:

Na2CO3 1CaðOHÞ2-CaCO3 1 2NaOH

CaO1H2O-CaðOHÞ2
CaCO3 1Q-CaO1CO2

Table 4E9.1 Alkali Solution

Chemical (%)

NaOH 0.5
Na2CO3 14
H2O 85.5

Table 4E9.2 Product Composition

Chemical (%)

CaCO3 12
Ca(OH)2 0.5
Na2CO3 0.3
NaOH 10
H2O 77.2
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The process we evaluate mixes the alkali solution and the commercial

lime as (Table 4E9.2):

malkali 1Commercial lime ðmCaO; mCaðOHÞ2 ;mCaCO3
Þ-Desired product:

For 100 kg of product we formulate a number of mass balances to the

main atoms.

1. To compute the amount of commercial lime we perform a mass balance

to the sodium atom:

Nain 5Naout

malkali

�
0:005 �

�
23 kmol

40 kg

�
12 �0:14 �

�
23 kmol

106 kg

��
5 2 �0:003 �100

�
23 kmol

106 kg

�

1 0:10 � 100
�
23 kmol

40 kg

�

malkali 5 92:413 kg

Next, by performing a global mass balance, we have the mass of

commercial lime:

malkali 1 lime5 Product

The amount of commercial lime is 7.587 kg. Thus

mCaO 1mCaðOHÞ2 1mCaCO3
5 7:587 kg

2. Next, we perform a mass balance to the calcium atom:

Cain 5Caout

mCaO �
�
40 kmol

56:1 kg

�
CaO

1mCaðOHÞ2 �
�
40 kmol

74:1 kg

�
CaðOHÞ2

1mCaCO3
�
�
40 kmol

100 kg

�
CaCO3

512

�
40 kmol

100 kg

�
CaCO3

10:5

�
40 kmol

74:1 kg

�
CaðOHÞ2

0:7148 �mCaO 1 0:5412 �mCaðOHÞ2 1 0:4006 �mCaCO3
5 5:07 kg

And a mass balance to carbon:

Cin 5Cout

0:14 �m
�
12 kmol

106 kg

�
Na2CO3

1mCaCO3
�
�
12 kmol

100 kg

�
CaCO3

5 12

�
12 kmol

100 kg

�
CaCO3

1 0:3

�
12 kmol

106 kg

�
Na2CO3

1:4651 0:1199mCaCO3
5 1:474 kg
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Therefore we have a system of three equations with three variables that

we can solve:

mCaO 5 5:587 kg

mCaðOHÞ2 5 1:822 kg

mCaCO3
5 0:078 kg

The composition of the commercial lime is given in Table 4E9.3.

3. To determine the raw material in excess we use the global reaction:

Na2CO3 1CaðOHÞ2-CaCO3 1 2NaOH

Bear in mind that CaO can be converted into Ca(OH)2 using just

water, which is in excess in the process. Therefore, if Ca(OH)2 is

consumed, the CaO will automatically react with water if needed for

the reaction. Thus, the total amount of calcium hydroxide potentially

available is given by both burnt and slaked lime as follows:

mCaðOHÞ21mCaðOHÞ2 as CaO5mCaðOHÞ21mCaO

MCaðOHÞ2
MCaO

51:82215:687

74:1
kgCaðOHÞ2

kmol

56:1
kgCaO

kmol

0
BBBB@

1
CCCCA

59:335kg

This is equivalent to 0.1259 kmol.

On the other hand, we have Na2CO3, 0.14�malkali5 12.938 kg,

equivalent to 0.1221 kmol. Since the stoichiometry requires a 1:1

relationship, we have an excess of calcium hydroxide. The excess is

computed as follows:

%5
0:12602 0:1221

0:1221
� 1005 3:21%

Table 4E9.3 Lime Composition

Chemical (%)

CaO 75
Ca(OH)2 24
CaCO3 1
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4. The conversion of the process is determined with respect to the limiting

reactant, the sodium carbonate. We feed 13.938 kg to the system and in

the product we still have 0.3 kg. Therefore, the conversion becomes:

Converð%Þ5 12:678

12:938
� 1005 98%

4.2.5.2 Electrochemical decomposition of melted NaCl
Although it could be considered simple to process NaCl and produce metal

sodium and Cl2 gas, it actually presents technical challenges since the melting

point of NaCl is rather high (806�C), and there are corrosion problems in the elec-

trolytic basin and in the electrodes. Furthermore, the boiling point of Na is

877�C. Therefore, at the required operating conditions for the electrolysis of

NaCl, there are already high losses of Na by evaporation. Finally, Ba is soluble in

Na under these extreme conditions, which makes the final product impure.

To deal with the problem, a eutectic mixture consisting of 33% NaCl and 67%

CaCl2 allows reduction of the melting point to 505�C. Another possibility is the

addition of Na2CO3, which allows working at 600�C; the potential difference

used is 8�9 V.

The reaction is carried out in steel tanks recovered by refractory bricks.

The two semi-reactions are the following:

Graphite electrode (anode) Cl22 e2 - (1/2) Cl2 (clear gas)

Steel electrode (cathode) Na11 e2 - Na (Metal sodium)

4.2.5.3 Electrolytic decomposition of NaCl in solution
This is currently the optimal process for chlorine production. NaOH and hydrogen

are also produced as byproducts. The advantage of this process is the high value

of the byproducts.

NaCl-Na1 1Cl2

Anode semireaction:

2Cl2 2 2e2-Cl2

Cathode semireaction:

2 �H2O1 2e2-H2 1 2OH2
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EXAMPLE 4.10

Evaluate the production of hydrogen and chlorine from a solution of NaCl

in an electrolytic cell. The initial brine of 50 kg has 30% NaCl by weight.

Current yield for the production of hydrogen is 75%. Using a current of

2000 A and 5 V, determine the amount of Cl2 and H2, the effluent compo-

sition, and the energy ratio of the process.

Solution
The product mass flow rate is computed assuming that the moles of Na in

the feed are equal to those in the product. The molecular weights of the

species involved are as follows:

HCl5 36:5; NaCl5 58:5; Cl5 35:5; NaOH5 40;

Hints:

F5 96,485 (J/V mol) (A�s/mol)

1 Coulomb5 1 A � s
1 C5V � F
F5C/mol

(Table 4E10.1)

Since the current yield is 0.75, the production of Cl is as follows:

ε5
nCl �F
I � t 5 0:75

nCl 5 55:96 mol

By the stoichiometry of the reaction, the moles of hydrogen

produced are the same as those of Cl2 and twice as much as those of

NaOH. The NaCl decomposed is at a 1:1 ratio to the NaOH produced

(Table 4E10.2).

Table 4E10.1 Potential

SemiReaction Standard Potential E� (V)

H2O1 1e2-1/ 2 H2 1OH2 20.8277
Cl2 -1/ 2 Cl2 1 1e2 11.3583

Na1 1Cl2 1H2O-NaOH1 1/ 2 H2 1
1/ 2 Cl2 2.2860
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The energy ratio is given as follows:

ηenergy 5
nNaCl �F �Vredoc

I � t �V 5
111:92 �96500 �2:286

2000 �3600 �5 5 0:668 � 66:8%

4.2.5.4 Production of HCl from NaCl (Mannheim process)
The set of reactions is given as:

NaCl1H2SO4-HCl1NaHSO4 ½room�
NaCl1NaHSO4-HCl1Na2SO4 ½300�C�
2NaCl1H2SO4-2HCl1Na2SO4

The gas produced condenses at 273�C as a colorless liquid and solidifies at

2112�C in the form of colorless crystals.

Alternatively, the HCl can also be obtained from the chlorination of alkanes

as a byproduct:

CH4 1Cl2-HCl1CH3Cl

CH3Cl1Cl2-HCl1CH2Cl2

CH2Cl2 1Cl2-HCl1CHCl3

CHCl3 1Cl2-HCl1CCl4

4.2.5.5 Production of lime from calcium carbonate
In Solvay’s process, calcium carbonate is used to produce a dilute stream of

carbon dioxide for the carbonation process. The reaction is at equilibrium:

CaCO33CaO1CO2

Table 4E10.2 Mass Balance Results

Brine 50
% 0.3

mol g mol g
Cl 55.96 1986.53
H 55.96 55.96
NaOH 111.92 4476.68
NaCl 256,41 15,000 144.49 8452.85
H2O 630,000 35,000 629,888.08 32,985.49
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To drive the equilibrium to products, the furnace operates at 1000�1200�C.
There are a number of furnace designs (see also Fig. 4.27):

• Tank furnace: The product is low-purity CaO.

• Rotatory furnace: By feeding the gases and the calcium carbonate in

countercurrent, the purity of the CaO produced is higher.

• Fluidized bed furnace: These are capable of producing the highest purity of

CaO; the unit has the solids in suspension inside so that the rock decomposes.

EXAMPLE 4.11

In Solvay’s process, calcium carbonate is used to produce CO2 for the

carbonation of the ammoniacal brine in a vertical continuous furnace.

Flue gas is burned to generate the energy. The gas products are in counter-

current to the rock. The calcium carbonate is fed at 25�C and the lime exits

the furnace at 900�C. The gas products leave the furnace at 250�C and the

flue gas is fed at 725�C. Its composition is 9% CO2, 2% O2, 14% CO, and

75% N2, and it is burned with a theoretical amount of air. The combustion

is complete. Determine the flowrate of flue gas required (under standard

conditions) to calculate 100 kg of calcium carbonate, assuming no energy

loss and ignoring the moisture of the flue gas.

Solution
The problem is formulated as a mass and energy balance. The energy

required for the decomposition of the calcium carbonate,

CaCO3-CaO1CO2;

is obtained by burning the CO in the flue gas:

CO1 1/ 2 O2-CO2

FIGURE 4.27

Furnace designs for calcium carbonate decomposition.
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Furthermore, the flue gas is fed at a certain high temperature. The gas

products leave at 250�C, but CaO and the air also need energy.

Thus the energy balance of the furnace is as follows:

X
Δhf

���
r;ti

2
X

Δhf

���
p;tp

5 0

The energy required for the decomposition of the CaCO3 is its

formation heat. Since we process 100 kg of it, 1 kmol is our basis for

the calculations:

ΔHR

���
25�C

5ΔHf ;CaO1ΔHf ;CO2
2ΔHf ;CaCO3

���
25�C

5 ð2151700Þ1 ð294052Þ2ð2289540Þ

543788
kcal

kmol

The reaction does not take place at 25�C, and the CaO exists at 900�C
with no phase change:

c900
�C

p;CaO 5 0:28
kcal

kg�C

c25
�C

p;CaO 5 0:18
kcal

kg�C
.cp;CaO 5 0:23

kcal

kg�C

QCaO 5 1 kmol
56 kg

kmol
0:23

kcal

kg�C
ð900�C2 25�CÞ5 11270 kcal

For the CO2 we also need to adjust the enthalpy calculation since the

CO2 leaves at 250
�C with the product gases:

QCO2
5 1 kmol

ð250�C5473K

25�C5298K

6:3391 10:14 �1023T 2 3:415 �1026T2 5 2230:11 kcal

The total energy is the addition of the three terms:

Qrequerido 5 437881 112701 2230:115 57288:11 kcal

The energy is provided by burning the CO. Using a basis of 100 kmol

of flue gas, we have 14 kmol of CO, for which we need 7 kmol of O2.

We already have 2 kmol, and the rest (5 kmol) should come from the

air. The composition of the air is 21% oxygen and 79% nitrogen. Thus:

Nair
2 5

79

21
55 18:8 kmol
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The energy provided by the combustion of CO at 25�C and 1 atm is

computed as:

ΔHR

���
25�C

5 nCO

�
ΔHf ;CO2

2ΔHf ;CO2
1

2
ΔHf ;O2

���
25�C

�
5 14ðð2 94052Þ2 ð226416ÞÞ

52 946904 kcal

However, the nonreacting species exit at 250�C while they are fed at

different temperatures. Air enters at 25�C and must be heated up to

250�C. The flue gas enters at 750�C and the unconverted gases leave

at 250�C. Oxygen is assumed to be completely consumed:

Qfluegas 5
P

ni �
ð997
298

cp;idT

where

cp;CO2
5 6:3391 10:14 �1023T 2 3:415 �1026T2; nCO2

5 9 kmol

cp;CO 5 6:3501 1:811 �1023T 2 0:2675 �1026T2; nCO 5 14 kmol

cp;N2
5 6:4571 1:389 �1023T2 0:069 �1026T2; nN2

5 75 kmol

cp;O2
5 6:1171 3:167 �1023T2 1:005 �1026T2; nO2

5 2 kmol

Qfluegas 5 7922:36 � 91 5172:31 � 141 5119:92 � 751 5386:05 � 25 538480 kcal

The product gas, per consists of N2 and CO2. The CO2 produced in the

decomposition of the calcium carbonate is already accounted for:

Qproduct5
P

ni�
ð523
298

cp;idT

where

cp;CO2
56:339110:14�1023T23:415�1026T2; nCO2

5ð10fluegas114combÞ
cp;N2

56:45711:389�1023T20:069�1026T2; nN2
5ð75fluegas118:8combÞ

Qproduct52230:11 � ð10114Þ11578:43 � ð75118:8Þ5201;579kcal=100kmol of flue gas

The only variable is the mass of flue gas Ca2CO3:

Qavailable52 nCO �ΔHCO2
1ðnN2

�QN2gp1nO2
�Qo2gp1nCO �QCOgp1

nCO2
�QCO2gpÞ2ðnN2

1nN2airÞ �QN2 ;product 2 ðnCO2
1nCOÞ �QCO2 ;product

Thus the moles of flue gas are given as follows:

nfluegas 5
Qrequired

Qavailable

5
57; 288 kcal

12; 860 kcal
5 4:45

kmolgas

kmolCaCO3
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The energy balance can be formulated in a different form:

Qin 1Qgenerated 5Qout 1Qabsorbed

X
j5 inlets

X
i

ni �
ðTin;j
Tref

cp;idT 1QCombustion 5
X

j5 outputs

X
i

ni �
ðTout;j
Tref

cp;idT1QDecomposition

Thus:

mCaCO3
�cp � ðTin2TrefÞ1

X
iAair

ni �
ðTin
Tref

cp;idT1
X

iAfluegas

ni �
ðTin
Tref

cp;idT 1 nCO

���ΔHfCO-CO2

���

5mCaO �cp � ðTout2TrefÞ1
X

iACO2ðfrom solidsÞ
ni �
ðTout
Tref

cp;idT1
X

iAfluegas

ni �
ðTin
Tref

cp;idT

1nCaCO3

���ΔHfCaCO3-CaO

���

Since air and CaCO3 are at ambient temperature, the balance becomes:

nfluegas
X

iAfluegas

yiU
ðTin
Tref

cp;idT 1 nCO ΔHfCO-CO2

�� ��

5mCaO � cp � ðTout 2TrefÞ1
X

iACO2ðfrom solidsÞ
niU
ðTout
Tref

cp;idT 1
X

iAN2 ;CO2

niU
ðTin
Tref

cp;idT

1 nCaCO3
ΔHfCaCO3-CaO

�� ��

Now we compute the needs of the air and the gas products as a function

of the feed of flue gas:

nCO2
5 nCO2 ;fluegas 1 nfluegas �yCO2

5 ðyCO2
1 yCOÞ �nfluegas

nN2
5 nN2 ;fluegas 1 nN2 ;air 5 nfluegas �yN2

1 nN2 ;air

nN2 ;air 5 3:76 � nO2 ;air

nO2
5

1

2
nCO;fluegas 5 nO2 ;air 1 nO2 ;fluegas.nO2 ;air 5 nfluegas

�
1

2
yCO;fluegas 2 yO2

�
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Using these definitions in the energy balance, it becomes:

nfluegas
X

iAfluegas

yi �
ðTin
Tref

cp;idT 1 nfluegas �yCO ΔHfCO-CO2

�� ��5

mCaO �cp � ðTout 2TrefÞ1 nCO2
�
ðTout
Tref

cp;idT 1 nCaCO3
ΔHfCaCO3-CaO

�� ��

nfluegas yCO 1 yCO2

� � ðTout
Tref

cp;CO2
dT 1 yN2

1 3:76ð1
2
yCO 2 yO2

Þ
0
@

1
A ðTout

Tref

cp;N2
dT

2
4

3
5

Thus we can solve for the moles of flue gas:

nfluegas 5 4:45
kmolgas

kmolCaCO3

The volume in standard conditions is calculated as follows:

Vfluegas 5
nfluegas �R �T

P
5

4:45 kmol �0:082 atm �m3

kmol �K �273K
1 atm

5 99:7 m3

The capture of CO2 during the production of lime from calcium carbonate is

an additional feature since the process is an equilibrium that can be displaced

onwards and backwards under the proper operating conditions. Lately it has been

used as a carbon capture technology. The equilibrium vapor pressure of CO2 can

be computed using Eq. (4.28):

PðatmÞ5 exp 7:0792
8308

TðKÞ

� �
(4.28)

Using it we produce Fig. 4.28. Above the line, for high pressure, we have the

carbonation reaction:

CaO1CO2-CaCO3

Below the line, calcination governs:

CaCO3-CaO1CO2

Therefore we can propose a flowsheet for the capture and regeneration of the

bed as in Fig. 4.29. The flue gases containing the CO2 are fed to the carbonator

where a bed of CaO is made to react with the incoming CO2. The operating
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conditions are 650�700�C. This reaction is exothermic, generating

170 kJ/mol. The products of the reaction, CaCO3 and CaO, are send to

calcination. The decomposition of the calcium carbonate is endothermic, and coal

and oxygen are fed to produce the energy to regenerate the CaO and produce a

concentrated stream of CO2.

FIGURE 4.28

Vapor pressure of CO2.

FIGURE 4.29

CO2 capture system.
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4.3 WATER�ENERGY NEXUS
Water and energy are two interrelated natural resources. However, for decades

water consumption has only been a problem in desert areas, and has therefore

received little attention. Its price (low in most developed countries) is not

important in economic analyses either. Therefore, only energy consumption and

efficiency are accounted for in process design.

The production of energy requires a considerable amount of water. For

instance, the production of power in thermal plants requires around 2 L/kWh. In

this particular case, the water consumed is mostly that amount lost by evaporation

in the cooling tower. In the production of petrol or diesel, there is a certain

amount of water injected to extract the crude, around 2.5 L/L. These two exam-

ples show that although there is a strong link between both resources, each prod-

uct and process determines the actual value, and most importantly, where it is

possible to implement further water- and energy-saving technologies. When it

comes to renewable resources, the use of water is more important since we need

it to grow the crops in the case of biomass-based fuels and chemicals; it can be a

limiting raw material in solar processes. The proper allocation of the facility has

a large impact on water consumption. Native regions for crops do not require

irrigation; for instance, no freshwater consumption is reported for the sugar cane

produced in Brazil, which is the raw material of choice for the production of

ethanol in that country. When it comes to solar energy, its availability is inversely

correlated to water. Thus, concentrated solar power facilities require a fair amount

of water if a wet cooling cycle is used, like in thermal power plants.

Alternatively, dry cooling systems such as A-frames can be used. These systems

consume 5�10% of the energy produced in the facilty for powering the fans—

reducing the efficiency of the process—but they do not require water.

While on the one hand energy production (or fuels) requires energy, on the other

hand energy is required to treat and transport water. The water used in any process

comes out with increased levels of chemicals, particles, etc. This water needs to be

reintegrated into the system to reduce the actual consumption, and for that the levels of

contaminants must be reduced to the levels established by environmental regulations.

Furthermore, water desalination is the only source of fresh water in many regions of

the world, and it is an energy-intense process (Martı́n and Grossmann, 2015).

4.4 PROBLEMS
P4.1. To process a mixture of water and NaCl using reverse osmosis, a

minimum theoretical pressure of 15 atm is required at room temperature.

Determine the minimum pressure required to process a mixture with

twice the NaCl concentration. The dissociation of NaCl is as shown in

Table P4.1.
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P4.2. A solution of NaOH is to be produced from a solution of sodium

carbonate with the mass composition given in Table P4.2.1.

The carbonate solution is processed with a mixture of CaO, CaCO3,

and calcium hydroxide to obtain a product with the composition shown in

Table P4.2.2.

Per 100 kg/s of product:

1. Determine the amount of sodium carbonate solution.

2. Determine the amount of calcium mixture required.

3. Determine the limiting and excess reactants and the percentage in

excess.

4. Compute the conversion of the process.

P4.3. In the production of CO2 within the Solvay process, calcium carbonate

with 100% purity is used. It is fed in countercurrent into a vertical furnace

with a flue gas to be decomposed. The gases exit from the top of the

furnace while the solids (CaO) are collected at the bottom. CaCO3 is fed at

25�C and the CaO leaves at 900�C. Gas products leave the furnace at

Table P4.1 Dissociation Degree

M α

1023 0.966
1022 0.904
1021 0.780
1 0.660

Table P4.2.1 Sodium Carbonate Composition

(%)

NaOH 0.6
Na2CO3 14.75
H2O 84.65

Table P4.2.2 Product Composition

Component (%)

CaCO3 14
Ca(OH)2 0.65
Na2CO3 0.25
NaOH 10.25
H2O 74.85
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250�C, and the flue gas is fed at 600�C with the following composition:

10% CO2, 15% CO, and 75% N2. Air is fed at 25�C in stoichiometric

proportions to burn it. The combustion of the flue gas is complete.

Compute the flowrate of flue gas in standard conditions to process

100 kg/s of CaCO3. Assume that heat loss and gas moisture are

negligible.

P4.4. A single-stage evaporator has a contact area of 30 m2. It is used to

concentrate 4000 kg/h of NaOH solution from 10% to 40% that is fed at

60�C. The hot utility is saturated steam that condenses at 115�C. In the

evaporation chamber, the total pressure is 20 mmHg. A flow of 4000 kg/h

of steam is required for the operation; see Fig. P4.4. Determine:

a. The heat loss as a ratio of the heat provided.

b. The global heat transfer coefficient.

P4.5. A facility manager believes that the alkali solution they are buying does

not meet specifications. It consists of NaOH, Na2CO3, and water. It

reacts with a lime solution whose composition is given in Table P4.5.1.

FIGURE P4.4

Scheme of an evaporator.

Table P4.5.1 Lime Mass Composition

Limestone (% w)

CaO 0.092
Ca(OH)2 0.796
CaCO3 0.111
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The product has the composition given in Table P4.5.2.

Evaluate, for 100 kg of product:

1. Amount and composition of the alkali solution.

2. Amount of commercial lime required.

3. Reactant in excess and percentage in excess.

4. Conversion of the process.

P4.6. Calcium carbonate (100% purity) is fed to a vertical furnace in

countercurrent with a flue gas to be decomposed for the production of CO2

for the Solvay process. The resulting gases exit from the top of the furnace

while the solids (CaO) are collected at the bottom. CaCO3 is fed at 25
�C

and the CaO leaves at 875�C. Gas products leave the furnace at 225�C, and
the flue gas is fed with the following composition: 10% CO2, 15% CO, and

75% N2. Air is fed at 25
�C in a stoichiometric proportion to burn it. The

combustion of the flue gas is complete. 5 kmol/s of flue gas are required to

process 100 kg/s of CaCO3. Assume that heat loss and gas moisture are

negligible. Determine the inlet temperature of the flue gas.

P4.7. A solution of NaOH and CaCO3 is to be produced by mixing an alkali

solution (84.526% water and the rest NaOH and Na2CO3) with a

commercial lime solution ((Ca(OH)21CaO) that contains CaCO3 as an

impurity). The product has the composition given in Table P4.7. Per 100 kg

of product, and considering that we have an excess of Ca(OH)2 of 4.45%,

determine:

1. The amount and composition of the NaOH1CaCO3 solution.

2. The amount and composition of the commercial lime solution.

Table P4.5.2 Product Mass Composition

Species (% w)

CaCO3 13.48
Ca(OH)2 0.61
Na2CO3 0.36
NaOH 10.96
H2O 74.59

Table P4.7 Product Composition

Species (%)

CaCO3 13.48
Ca(OH)2 0.61
Na2CO3 0.28
NaOH 10.36
H2O 75.27

1914.4 Problems



P4.8. A single-stage evaporator processes 15,000 kg/s of an NaOH solution

that is fed at 40�C. The solution concentration is 10%. Saturated steam

at 3.5 atm (138.2�C and λ5 513 kcal/kg) is available as hot utility. It

exits as saturated liquid. The economy of the steam is 0.785. The

vacuum at the evaporation chamber is 620 mmHg with respect to 1 atm.

The global heat transfer coefficient is 1600 kcal/m2 h�C. Assuming no

heat loss, compute: (a) hot utility flowrate, (b) evaporator surface area,

and (c) composition of the concentrated solution.

P4.9. Compute the optimal ratio of NH3 and NaCl to be fed into a Solvay

Tower for maximum Na2CO3 production. Determine the amount of

NaHCO3 produced per ton of NaCl fed, the calcium carbonate consumed

in the process, as well as the Na2CO3 produced.

P4.10. We would like to produce a flowrate of 2 kg/s of hydrogen at 30 bar via

water electrolysis using different energy sources: solar, wind, or biomass.

The oxygen produced must be compressed up to 100 bar for its storage.

The compressors behave as polytropic, with an efficiency of 85%

and k5 1.4, and the electrolysis takes place at 80�C, consuming

175.000 kJ/kgH2. Assuming ideal water split so that we obtain pure

hydrogen from the cathode and pure oxygen from the anode:

a. Determine the energy required for the process.

b. Suggest the best technology (see Table P4.10 for the processing

parameters).

c. Determine the cost of wind energy so that it becomes competitive,

assuming a carbon tax of 40h/t of CO2 and the fact that the ground

required costs 25h/m2.

P4.11. A certain renewable source of energy produces 50,000 kW during June. We

would like to use it to produce hydrogen. Hydrogen has to be compressed up

to 30 bar and the oxygen is sold at 100 bar. Assuming perfect water splitting,

pure hydrogen and oxygen streams from cathode and anode, respectively, a

polytropic (k5 1.4) efficiency of 85% for the compressors, and the fact that

the electrolysis takes place at 80�C and consumes 175.000 kJ/kgH2:

a. Compute the flow rate of hydrogen produced.

b. Select the technology.

c. Determine the cost of wind energy so that it becomes competitive,

assuming a carbon tax of 40h/t of CO2 and the fact that the ground

required costs 25h/m2 (Table P4.11).

Table P4.10 Technology Operating Data

Technology Cost (h/kW) CO2 Produced (kg/kW) Area (m2/kW)

Wind 1300 0.5 0
Solar 1150 1 5
Biomass 1000 0 10
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P4.12. Determine the ratio and amounts of NaCl and NH3 to produce 10 kg/s of

Na2CO3 using Solvay’s process. The equilibrium in the tower yields

0.3 mol of NaHCO3 per mol of initial mixture. Also compute the CO2

required for the process and the calcium carbonate needed for the

production of the Ca(OH)2 used for ammonia recovery.

P4.13. A membrane module is available for the purification of a brine that

contains 30,000 ppm of NaCl. We need to process 1000 kg/h, and the

permeate represents 75% of the initial flow. The concentration of

the permeate must be 200 ppm of NaCl. Determine the average pressure

applied to the feed side. The discharge occurs at atmospheric pressure.

Water permeability is 2.0531026 kg/m2 s kPa.

Salt permeability is 4.033l025 kg/m2 s.

P4.14. The production of a solution of 35% HCl from hydrogen and chlorine

is attempted. The gas product from the reaction has 95% HCl, and it is

absorbed in water (see Fig. P4.14). Compute:

a. The temperature of the converted gases and the energy to be

removed from them.

b. The energy removed so that the HCl is fed to the absorption tower

at 25�C.

Table P4.11 Technology Operating Data

Technology Cost (h/kW) CO2 Produced (kg/kW) Area (m2/kW)

Wind 1300 0.5 0
Solar 1150 1 5
Biomass 1000 0 10

FIGURE P4.14

Flowsheet for HCl production.
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c. The water used in the process.

d. The heat removed for the absorption tower to operate isothermally.

logðkpÞ5 9586

TðKÞ 2 0:44 logðTðKÞÞ2 2:16

P4.15. At what potential is Cl2 released from an electrolytic cell that processes

a solution of NaCl, 0.5 M?

P4.16. A certain renewable source of energy produces 75,000 kW during June.

We would like to use it to produce hydrogen. Hydrogen has to be

compressed up to 30 bar, and the oxygen is sold at 125 bar. Assuming

perfect water splitting, pure hydrogen and oxygen streams from cathode

and anode, respectively, a polytropic (k5 1.4) efficiency of 85% for the

compressors, and the fact that the electrolysis takes place at 80�C with

an energy ratio of 66%:

a. Compute the flowrate of hydrogen and oxygen produced.

b. Select a technology considering a carbon tax for emitting CO2 of

40h/t and a cost for ground of 25h/m2 (Table P4.16).

P4.17. An electrolytic cell is used to produce syngas for ammonia synthesis.

Nitrogen comes from air separation while hydrogen is produced from

water electrolysis. Hydrogen needs to be compressed up to 300 bar and the

oxygen is stored at 125 bar. Assuming perfect water splitting, pure

hydrogen and oxygen streams from cathode and anode, respectively, a

polytropic (k5 1.4) efficiency of 85% for the compressors, and the fact

that the electrolysis takes place at 80�C with a current efficiency of 66%

(Table P4.17):

a. Compute the power required to obtain 50 kmol/s of syngas in

stoichiometric proportions.

b. Select the appropiate technology.

Table P4.17 Technology Operating Data

Technology Cost (h/kW) CO2 Produced (kg/kW) Area (m2/kW)

Wind 1250 0.5 0
Solar 1150 1 5
Biomass 1100 0 10

Table P4.16 Technology Operating Data

Technology Cost (h/kW) CO2 Produced (kg/kW) Area (m2/kW)

Wind 1300 0.5 0
Solar 1150 1 5
Biomass 1100 0 10
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P4.18. Syngas for the production of methanol is obtained from C and water in

two processes in parallel.

� Using 10 kmol/s of C, the water gas cycle is used. Only 70% of the

steam reacts with C. The WGSR equilibrium is established at 900K

among the gases from the previous reaction. Assume the following

equation for the equilibrium constant:

log Kp5
2073

T
22:029

� �
; T 5½ �K

� The proper H2-to-CO ratio in the final mixture is obtained by mixing

the resulting gas with hydrogen from electrolysis. The hydrogen must

be compressed up to 50 bar and the oxygen stored at 125 bar.

Assuming perfect water splitting, pure hydrogen and oxygen streams

from cathode and anode, respectively, a polytropic (k5 1.4) efficiency

of 85% for the compressors, and the fact that the electrolysis takes

place at 80�C with a current efficiency of 66%, compute:

a. The composition of the gases from the water gas cycle.

b. The fraction of H2 in the water cycle and that provided in

electrolysis.

c. The energy required for electrolysis and compression of the gases.

P4.19. A single-stage evaporator system is used to concentrate 10,000 kg/h of

an NaOH solution from 10% to 35%. The feed is heated up using the

residual heat from the condensed steam before entering the evaporator. The

concentrated solution is cooled down using water in a second heat exchanger.

Finally, the evaporated water is condensed in direct contact with water (see

Fig. P4.19).

FIGURE P4.19

Evaporator scheme.
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The hot utility is a saturated steam at 3.2 atm, which condenses at

the evaporator and exits the heat exchanger at 40�C. The evaporation

chamber is maintained at 150 mmHg vacuum with respect to

760 mmHg. The liquid from the direct contact cooling device is at

dew point. The NaOH solution is fed to the system at 20�C and to

the evaporator at 50�C. The cooling water used to cool down the

concentrated solution enters at 20�C and leaves at 35�C. The global

heat transfer coefficient is 2000 kcal/(m2 h�C). Determine:

a. Solution boiling point.

b. Flowrate of hot utility.

c. Evaporator area.

d. Required cooling water.

e. Area of the heat exchangers. The global heat transfer coefficients are

800 and 400 kcal/ (m2 h�C) for the feed heated and the solution

cooler, respectively.

P4.20. A single-stage evaporator system is used to concentrate 10,000 kg/h of

a NaOH solution from 10% to 45%. The feed is heated up using the

residual heat from the condensed steam before entering the evaporator.

The concentrated solution is cooled down using water in a second

heat exchanger. The hot utility is a saturated steam at 3.5 atm, which

condenses at the evaporator and exits the heat exchanger at 35�C.
The evaporation chamber is maintained at 150 mmHg vacuum with respect

to 760 mmHg. The NaOH solution is fed to the system at 20�C and to the

evaporator at 45�C. A cooling water flowrate of 15,728 kg/h is used to

cool down the concentrated solution, enters at 20�C, and leaves at 30�C.
The global heat transfer coefficient is 1500 kcal/(m2 h�C). Determine:

a. Solution boiling point.

b. Evaporator area.

c. Area of the heat exchangers. The global heat transfer coefficients are

650 and 125 kcal/(m2 h�C) for the feed heated and the solution

cooler, respectively.

P4.21. A membrane module is available for the purification of a flow of brine

that contains 30,000 ppm of NaCl. We need to process 1000 kg/h, and

the permeate represents 75% of the initial flow. The concentration of the

permeate must be 200 ppm of NaCl. Determine the average pressure

applied to the feed side. The feed is at 9000 kPa and the concentrate at

8500 kPa. The discharge of the permeate occurs at atmospheric pressure.

Water permeability is 2.053 1026 kg/m2 s kPa.

Salt permeability is 4.033 1025 kg/m2 s.

P4.22. Compute the needs of calcium carbonate and flue gas, with the

composition 2% O2, 78% N2, and 20% CO required to operate a

Solvay-based facility that produces 10 kg/s of sodium carbonate.

The facility uses an excess of 10% molar NaCl. The furnace is fed

196 CHAPTER 4 Water



with calcium carbonate, 100% at 25�C. The lime exits the furnace at

900�C. The gas products leave the unit at 250�C and the flue gas

is fed at 600�C. The air used is at 25�C and assumed to be dry.

Combustion is complete.
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CHAPTER

5Syngas

5.1 INTRODUCTION
In this chapter, various carbonous raw materials, from biomass to fossil fuels

(ie, coal, crude oil and natural gas) are evaluated for the production of syngas.

Syngas refers either to the mixture of nitrogen and hydrogen, the kind of mixture

needed for ammonia production, or carbon monoxide/hydrogen (CO:H2) mixtures,

the building blocks for the production of methanol, hydrocarbons, synthetic gaso-

line and diesel, or ethanol. Chapter 8, Biomass, is devoted to biomass processing,

therefore here the technologies will be discussed, but applied to processing fossil

resources, leaving further discussion of biomass-based fuels and chemicals to that

chapter. Fig. 5.1 shows the relative availability of fossil resources worldwide.

Coal is the major resource, and only in the Middle East oil is widely available.

The picture was prepared before the industrial exploitation of shale gas, which, as

it will be discussed, has changed the map. In the following paragraphs, the reader

will find a brief description of the raw materials (covered throughout this chapter)

that can be used to obtain syngas.

5.1.1 COAL

Coal has been widely used by mankind. Its consumption has increased steadily

over the last 40 years, surpassing 7500 million tons (www.iea.org). The reserves

are located in a few regions. Around 23% (122,000 million tons oil equivalent)

is in the United States, 15% in Russia, 13% in China, 9% in Australia, 7% in

India, 5% in Germany, 4% in Ukraine and Kazakhstan each, and 3.5% in Serbia.

The production and consumption by region follow the same trend. The cost

has been rather stable since 2000 (around $60/t), but peaked in 2008 at $140/t

(http://www.infomine.com).

5.1.2 NATURAL GAS

Natural gas (NG) is one of the cleanest fuels. Its typical composition consists

of 70�90% methane; 0�20% ethane, propane, and butane; 0�8% carbon dioxide

(CO2); 0�5% nitrogen; 0�5% hydrogen sulfide (H2S); 0�0.2% oxygen; and traces

of noble gases. The major proven reserves are in Russia (42,000 million tons of oil

equivalent), followed by Iran and Qatar with half the amount of the Russian
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reserves. Saudi Arabia, the United Arab Emirates, the United States, Nigeria, and

Algeria with 4000�6000 million tons oil equivalent are next. However, the natural

gas market has recently changed due to the development of technically feasible

solutions for exploiting unconventional reservoirs using horizontal drilling com-

bined with fracking for the release of so-called shale gas. Shale gas is nothing

more than natural gas trapped in shale formations. The use of a high-pressure fluid

with chemicals to push the gas out has created new opportunities. The major

reserves of shale gas are located in the United States, Algeria, Canada, Mexico,

China, and Argentina, with over 500 trillion cubic feet available. As a result,

the current prices of natural gas have dropped to around $4/MMBTU (Henry

Hub prices). There are two qualities: dry and wet shale gas. The wet type contains

C21 hydrocarbons in a certain proportion. It is more valuable since these chemicals

are used in industry for the production of high-value products, including plastics.

5.1.3 CRUDE OIL

Crude oil is a mixture of hydrocarbons. The standard unit is the barrel, which is

equal to 42 gal (1 gal5 3.785 L). Fig. 5.2 shows the typical composition of a

FIGURE 5.1

Fossil reserves.

http://www.worldcoal.org/bin/pdf/original_pdf_file/coal_matters_2_-_global_availability_of_coal

(16_05_2012).pdf “Coal Matters—Global Availability of Coal” (2012) The World Coal

Association, Copyright permission by the World Coal Association, London, UK.
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barrel. Petrol represents half of it, while diesel reaches around 25%. The major

reserves of oil are located in the Middle East, representing 65% of the total

worldwide (695,000 million barrels), with Saudi Arabia, Iraq, Kuwait, Iran, and

the United Arab Emirates the most plentiful areas with 37.8%, 16.2%, 13.9%,

14.3%, and 14% shares, respectively. Venezuela with 76,000 million barrels,

and Russia with 65,000 million barrels, are the main proven reserves on other

continents. The price per barrel is quite volatile, and has varied from $90 in the

1980s down to $25 by 1997, increasing again to $100 by 2010. The EIA forecast

covers a range from $60 to $200. By 2015 it was $30�$50 per barrel.

5.2 STAGE I: SYNGAS PRODUCTION

5.2.1 HYDROGEN AND H2:CO MIXTURE PRODUCTION

Hydrogen, although one of the most abundant atoms, can only be found free in

very small quantities in the atmosphere. It mostly appears in the form of water.

It has two isotopes: deuterium (D) and tritium (T). Deuterium represents 0.015% of

total hydrogen and is typically used for the production of heavy water (D2O)

to control nuclear reactions. Tritium is radioactive with a semidecay period of 12.5

years. The HaH bonding is strong, 436 kJ/mol. H2 is slightly soluble in water, but

reacts with most elements, generating hydrides with those less electronegative. Its

small size allows its diffusion across steel. Furthermore, with carbon steel it gener-

ates methane, reducing the strength of the material. This quick diffusivity deter-

mines the design of the units that process it. With air it generates explosive

mixtures; however, they result in a pressure decrease. The process generates

FIGURE 5.2

Typical composition of crude oil.
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implosions instead of explosions. It is not considered to be toxic. It is difficult

to liquefy, and at 1 atm the melting and boiling points are 2259�C and 2253�C,
respectively. The critical temperature and pressure are 12.8 atm and 2240�C. It has
a peculiar characteristic—its Joule�Thompson coefficient is negative above

100K—so that it heats up upon expansion for a wide range of temperatures.

The liquefaction requires the use of liquid nitrogen so that we can reach 80K for

the expansion to allow entering the gas�liquid region. Fig. 5.3 shows the Hauser

diagram. Compression is hazardous since leakages may generate explosive atmo-

spheres. Hydrogen is transported by pipes, and in bottles under supercritical

conditions, but it can also be transported as a liquid in cryogenic containers.

The advantage is its high density. For instance, at 20K its density is 850 times high-

er than the gas phase, and therefore it has been used as fuel in rockets Reinmert

et al. (1998). The typical uses of hydrogen as a raw material are the following:

• Production of ammonia with nitrogen.

• Production of hydrocarbons with CO and/or CO2.

• Saturation of double bonds.

• Desulfurization of hydrocarbons, producing H2S.

• As a reducing agent.
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FIGURE 5.3

Hauser diagram hydrogen.
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In the following pages the main methods for the production of hydrogen from

hydrocarbons are presented. Remember that water electrolysis has already been

covered in this book (see Chapter 4: Water). The method of choice depends on the

economy of the raw material and its availability. Therefore, it is a dynamic problem.

5.2.1.1 Gas generator—water gas method
This method, developed by Bosch in 1920, is characterized by two distinct reac-

tions for processing coal into syngas. On the one hand, the partial oxidation of

the coal, and on the other hand, its processing with steam. Each of the main reac-

tions is also affected by the chemical equilibrium among the species involved,

Boudouard in the case of carbon oxidation, and water gas shift (WGS) in the case

of steam processing.

5.2.1.1.1 Partial oxidation (gas generator)

This stage consists of flowing oxygen through a bed of incandescent coal.

Limited air and a certain bed height are required for the production of CO and

CO2 together. In the first 15 cm of the bed C is combusted into CO and CO2.

When oxygen is no longer available, Boudouard equilibrium occurs so that

the CO2 reacts with the bed to produce CO (see the reactions below). The global

process is exothermic:

2CðsÞ 1 1:5O2ðgÞ-COðgÞ 1CO2ðgÞ
CðsÞ 1CO2ðgÞ22COðgÞ ðBoudouardÞ
3CðsÞ 1 1:5O2-3COðgÞ

CðsÞ 1
1

2
O2ðgÞ-CO1 26:41 kcal=mol

The Boudouard reaction is of particular interest. It is endothermic,

CðsÞ 1CO2ðgÞ22COðgÞ 41 kcal=mol

with an equilibrium constant given by the following expression: Ortuño (1999)

Kp 5
P2
CO

PCO2

.logðKpÞ5 9:11062
8841

T
; T 5½ �K (5.1)

Pressure and temperature have an effect on the composition of the gas.

High temperatures favor the production of CO (it is an endothermic reaction), while

pressure reverts the equilibrium into CO2; the number of moles is higher on the

right-hand side. Let ni be the moles of species i, X the conversion, and PT the total

pressure. Note that the solid coal does not take part in the equilibrium constant given

by Eq. (5.2). Fig. 5.4 shows the effect of pressure and temperature in the equilibrium.

Kp 5
P2
CO

PCO2

5
n2CO � PT

nTUnCO2

5
ð2XÞ2UPT

ð11XÞ � ð12XÞ 5 exp 9:11062
8841

TðKÞ

� �
(5.2)
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Thus, for the production of CO, we need limited availability of oxygen,

a certain bed height, and high temperature (at the risk of melting the ash).

5.2.1.1.2 Steam processing (water gas)

The other stage in the process for syngas production from coal using this method

is the use of steam. The main reaction produces CO and H2. It is an endothermic

reaction (31:35 kcal=mol). Thus, CO is favored at high temperature:

CðsÞ 1H2OðgÞ-COðgÞ 1H2ðgÞ

The reaction is an equilibrium whose constant can be written as follows:

exp

2131; 000

ð8:314UTðKÞ1
134

8:314

� �
5
ðPT � nCO � nH2

Þ
ðnH2O � ðnTotalÞÞ

(5.3)

The second reaction that occurs is the well-known water gas shift reaction

(WGSR), given by the following equation:

COðgÞ 1 H2OðgÞ2CO2ðgÞ 1H2ðgÞ

It is an exothermic reaction affected by temperature. The wide application of

this reaction deserves more attention. Thus, a more detailed discussion is needed.

The equilibrium between the four species is as follows:

COðgÞ 1 H2OðgÞ2CO2ðgÞ 1H2ðgÞ ΔH52 41 kJ=mol

It is widely used for modulating the concentration of CO and hydrogen in a

stream, in the production of hydrogen from steam reforming of hydrocarbons, or in

carbonous mass gasification. The equilibrium is reversible, and the reverse WGS

FIGURE 5.4

Boudouard equilibrium.
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can also be used if needed. The reaction is an equilibrium whose constant has been

widely evaluated in the literature. The following are several correlations by Graaf

et al. (1986), eq. (5.4) and by Susanto and Beenackers (1996), eqs. (5.5) and (5.6):

log Kp 5 log
PCO2

PH2

PH2OPCO

� �
5 log

nCO2
nH2

nH2OnCO

� �
5

2073

TðKÞ 2 2:029

� �
(5.4)

logðKpÞ5
2232

TðKÞ 1 0:0836 logðTðKÞÞ1 0:00022TðKÞ1 2:508 (5.5)

Kp 5 0:0265e

33; 010

8:314 � TðKÞ

� �
(5.6)

There is some flexibility for locating the WGS reactor within the processes,

depending on the presence of sulfur compounds in the gas. It can be located either

before the sulfur removal step (sour shift) or after sulfur removal (sweet shift).

Sweet operation of the WGSR occurs in two steps at high and low temperature,

respectively. They are known as high-temperature shift (HTS) and low-temperature

shift (LTS).

A conventional high-temperature sweet shifting operates between 315�C and

530�C and uses chromium- or copper-promoted, iron-based catalysts. The cata-

lysts are calcinated over 500�C so that the Fe reaches α phase. Next, they are

reduced at temperatures between 315�C and 460�C. Their half-time life is around

three years. The difficulty in removing the energy generated in the reaction makes

them work adiabatically. Thus, the feed is at around 310�360�C and 10�60 atm,

and it is allowed to heat up. The conversion of CO is over 96%. The spatial

velocity of the gas is typically 300�4000/h.

Low-temperature sweet shifting (up to 370�C) uses copper�zinc�aluminum

catalysts. For instance, ICI catalyst contains 30% by weight of CuO, 45% of

ZnO, and 13% of Al2O3. Furthermore, the use of supported Cu over chromium

oxide (15�20% of CuO, 68�73% of ZnO, and 9�14% of Cr2O3) constitutes

the Haldor Tøpsoe commercial catalyst that operates from 220�C to 320�C.
The aim of this catalyst is to achieve 99% conversion of CO operating at

3�40 atm. The feed enters the reactor at 200�220�C and operates adiabatically.

The spatial velocity of the gas is typically 300�4000/h. The half-life time of the

catalyst ranges from two to four years.

A second type of WGSR is sour WGSR. For processing gases containing

H2S, a catalyst based on cobalt�molybdenum is used. It is possible to add Li,

Na, Cs, or K. The reaction is typically located after the water scrubber, where

syngas is saturated with water at about 200�250�C. Furthermore, this catalyst

can also convert carbonyl sulfide and other organic sulfur compounds into H2S.

The reactor operates adiabatically, reaching conversions of CO of around 97%.

Apart from packed beds, lately membrane reactors are gaining attention.

They are based on the particularly high diffusivity of hydrogen through metals;
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see Fig. 5.5. Thus, the reaction occurs in the inner pipe and the hydrogen

crosses the palladium-based wall. The purity of the hydrogen produced reaches

99.99% (Osenwengie Uyi, 2007).

Let us illustrate the operation and yield of WGS reactors in a numerical

example.

EXAMPLE 5.1

A WGS reactor works at 600K and the feed consists of 36% CO,

30% CO2, 20% steam, and 14% hydrogen.

a. Compute the conversion of the reaction.

b. Plot the profile of the conversion with the temperature.

Hint: use the correlation for Kp given by the following equation:

Kp 5 0:0265e

33; 010

8:314T

� �

Solution
a. We write the equation of the constant (see Eq. 5.4) as follows:

Kp 5
ðnCO2

1XÞðn1XÞ
ðnCO 2XÞðnH2O 2XÞ 5 0:0265e

33; 010

8:314T

� �

Solving for X we choose the lowest solution: X5 16:4.
With respect to the limiting reactant, H2O, the conversion is

X5
16:4

20
5 0:82.

b. For a range of temperatures, we compute the conversion following the

same procedure as before (Fig. 5E1.1).

FIGURE 5.5

Membrane WGSR.
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Now that both reactions, the gas generator, and the water gas path have been

evaluated, the production of syngas consists of using both to process the coal and

adjust the composition of the syngas.

Air gas 3:76 N2 1O2 1 2C-2CO1 3:76N2 Exothermic

Water gas H2O1C-CO1H2 Endothermic

Fig. 5.6 shows the scheme for the process dividing the use of coal between the

two processes. In Example 5.2 we evaluate the performance of such a process.

Unfortunately, at pressures above atmosphere and low temperatures, methane

is produced following this reaction:

CðsÞ 1 2H2ðgÞ2CH4ðgÞ

When the temperature rises, the equilibrium reverses. The equilibrium con-

stants for the reaction for a couple of temperature values are Log10 Kp (25
�C)5 9

and Log10 Kp (100�C)522. Table 5.1 shows the effect of temperature on meth-

ane production.

FIGURE 5E1.1

Conversion in a WGSR.

FIGURE 5.6

Coal-based syngas production.
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EXAMPLE 5.2

In a syngas production facility, 40% of the coal follows the gas generator

cycle and 60% the water gas cycle. Coal consists of 90% coke and 10%

ash. Ignoring the loss of coke with the ashes and assuming the air is dry,

and assuming that in the gas generator cycle 50% of the coal goes to

CO and the rest to CO2, and assuming that in the water gas cycle only

75% of the steam injected reacts, compute the following:

A. Flowrates of air gas and water gas produced.

B. Energy available in the two gas streams.

C. Fraction of the energy in the coal remaining at each gas flow.

D. Amount of air and water needed to process 10 t of coal.

E. Repeat the example assuming humid air at Ts5 25�C, ϕ5 0.65, and

PT5 720 mmHg.

Solution
Each cycle is analyzed separately.

Air Cycle (Gas Generator)

In the first case, the air is dry. Therefore, the only reaction that takes place

is that given by the combustion of C. We assume that half of the C forms

CO and the other half produces CO2. The stoichiometry is as follows:

2C1
3

2
O2 1

3

2
3:76N2-CO1CO2 1

3

2
3:76N2

2C1 1:5O2 1 5:64N2-CO1CO2 1 5:64N2

We use 1 kg of coal as the basis. Thus, 0.9 kg of C and 0.1 kg of ash are

processed; 40% is processed through the air cycle. Therefore, the carbon

burnt is equal to 0.43 0.9 kg5 0.36 kg of C. Based on the stoichiometry of

the reaction, the mass balances to the species are as follows:

Creact 5 0:4 � 0:90 kg 1 kmol

12 kg
5 0:03 kmol C

O2;needed 5
1:5

2
Creact 5 0:0225 kmol O2

N2 5 3:76 O2;needed 5 0:0846 kmol N2

COprod 5CO2;prod 5
1

2
Creact 5 0:015 kmol

Table 5.1 Methane Formation in the Flue Gas/Water Gas Method

T (�C) %CO2 %CO %H2 %CH4 %H2O

400 25.2 0.50 11.3 20.0 43.0
600 19.5 15.5 37.5 8.50 19.0
800 2.50 46.0 48.0 1.50 2.00

1000 0.20 50.0 49.0 0.50 0.30
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The composition of the gas produced is given in Table 5E2.1.

In the water cycle case, the reaction that takes place is the following,

where we assume that no WGSR occurs (Table 5E2.2):

C1H2O-CO1H2

Creact 5 0:60U0:9 kg
1 kmol

12 kg
5 0:045 kmol C

H2Oneeded 5
H2Otheoretical

0:75
5

Creact

0:75
5 0:060 kmol H2O

H2Onoreact 5 0:25 H2Oneeded 5 0:015 kmol H2O

CO5Creact 5 0:045 kmol CO

H2 5Creact 5 0:045 kmol H2

The ratio between both is defined by this equation:

Ratio5
Generator gas

Water gas
5

4:238 kg

1:62 kg
5 2:61;

H2

CO
5

0:045

0:0451 0:015
5 0:75

Table 5E2.1 Gas Generator Composition

Air Gas

Species kmol kg m3 (c.n.) %

N2 0.0846 2.3688 1.894 73.8
CO2 0.0150 0.66 0.336 13.1
CO 0.0150 0.42 0.336 13.1
Total 0.1146 3.4488 2.565 100.00

Table 5E2.2 Water Gas Composition

Water Gas

Species kmol kg m3 (c.n.) %

H2 0.045 0.090 1.007 42.85
CO 0.045 1.260 1.007 42.85
H2O 0.015 0.270 0.336 14.29
Total 0.105 1.620 2.457 100.00
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Energy in Gas Generator

The energy available in the gas is that resulting from burning the CO:

CO1
1

2
O2-CO2

ΔHr 5Δhf ;CO2
2Δhf ;CO 52 94:0521 26:41652 67:636

kcal

mol CO

The energy per unit volume is given as:

1:0 m3
cNCO-

1 kmol CO

22:4 m3
cNCO

103mol CO

1 kmol CO
5 44:643

mol CO

m3
cNCO

Pot:CalAir gas 5 44:643
mol CO

m3
cN CO

67:636
kcal

mol CO

0:336 m3
CNCO

2:565 m3
cN Generator gas

5 395:2
kcal

m3
cN Generator gas

For the energy in water gas, we can burn hydrogen and CO:

CO1
1

2
O2-CO2

ΔHr 5Δhf ;CO2
2Δhf ;CO 52 94:0521 26:41652 67:636

kcal

mol CO

Per unit volume it is as follows:

1:0 m3
cNCO-

1 kmol CO

22:4 m3
cNCO

103mol CO

1 kmol CO
5 44:643

mol CO

m3
cNCO

Pot:CalWater gas;CO 5 44:643
mol CO

m3
cNCO

67:636
kcal

mol CO

1:007 m3
cNCO

2:350 m3
cNWater gas

5 1294
kcal

m3
cNWater gas

For the hydrogen, the combustion energy is the enthalpy of formation

of steam:

H2 1
1

2
O2-H2O

ΔHr 5Δhf ;H2O 52 57:7979
kcal

mol H2
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Given the per unit volume we have the following:

1:0 m3
cNH2

1 kmol H2

22:4 m3
cNH2

103mol H2

1 kmol H2

5 44:643
mol H2

m3
cN H2

Pot:CalWater gas;H2O 5 44:643
mol H2

m3
cNH2

57:7979
kcal

mol H2

1:007 m3
CNH2

2:350 m3
cN Water gas

5 1104
kcal

m3
cNWater gas

Pot:CalWater gas 5 Pot:CalWater gas;CO 1 Pot:CalWater gas;H2
5 2489

kcal

m3
cNWater gas

Fraction of Energy in Original Raw Materials

Our raw material was coal that when completely burned could produce the

following amount of energy:

C1O2-CO2

ΔHr 5Δhf ;CO2
52 94:053

kcal

mol C

Using the same basis:

1000 g Coal.0:9
g C

g Coal
1000 g Coal

1 mol C

12 g C
94:052

kcal

mol C
5 7054 kcal

η5

395:2
kcal

m3
cNGenerator gas

2:565 m3
cNGenerator gas

7054 kcal
� 1005 14:37% In Gas generator

η5

2398
kcal

m3
cNWater gas

2:350 m3
cN Water gas

7054 kcal
� 1005 79:90% In Water Gas

Coal Processing

To process 10 t of coal, simply multiply all the previous results by 104:

H2Oneeded 5 0:06 kmol H2O=1 kg C

H2Oneeded;10 t 5 0:06
kmol H2O

kg Coque

18 kg

kmol

���
Agua

10 t5 10:8 t
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The air needed (Table 5E2.3) is this:

Airneeded;10 t 5 3:028
m3

cNAir

kg Coal
10; 000 kg5 30; 280 m3

cNAir

In case the air is humid, the reactions taking place are not only those

corresponding to burning C to CO and CO2, but also those of the water

gas cycle:

2C1
3

2
ðO2 1 3:76N2Þ-CO1CO2 1

3

2
ð3:76N2Þ

C1H2O-CO1H2

For the initial basis of calculation of 1 kg of coal (90% of C), 40% is pro-

cessed using this cycle; thus 30 mol of C are processed. We assume that the

moisture of the air is completely consumed. The moisture in the air is com-

puted as follows:

y5 0:62
ϕPv

PT 2ϕPv

5 0:62
0:65 � 23:547

7202 0:65 � 23:547 5 0:013 kgvapor=kgdryair

y
29

18
5 ym

4:76
moldryair

mol O2

ym 5 0:1033
mol H2O

mol O2

The elementary mass balance proceeds as follows:

30C1 aðO2 1 3:76N2 1 0:1033H2O-bCO1 dCO2 1 eH2 1 f ðN2Þ
Balance to C

305 b1 d

Balance to O

2a1 0:133a5 b1 2d

Balance to H

2U0:1033a5 2e

CO comes from two reactions

b5 d1 e

Table 5E2.3 Dry Air Used

Dry Air per kg of Coal

Component kmol kg m3
cN

O2 0.0225 0.72 0.503
N2 0.1128 3.15 2.525
Total 0.353 3.87 3.028
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Solving the system we have the following:

a5 21.233 mol

b5 16.096 mol

d5 13.903 mol

e5 2.193 mol

f5 3.76�a5 79.83 mol

The air required for this case—assuming ideal gases (PV5 nRT)—is

2.304 Nm3. The gas produced has a volume of 2.508 Nm3. Thus, the energy

contained in the gas is again due to the presence of hydrogen and CO:

CO1
1

2
O2-CO2

ΔHr 5ΔHf ;CO2
2ΔHf ;CO 5 94:0522 26:4165 67:636

kcal

mol CO

H2 1
1

2
O2-H2O

ΔHr 5ΔHf ;H2O 5 57:7979
kcal

mol H2

ΔH1 m3 5 44:6 mol 67:6
0:360 m3CO

2:508 m3 gas
1 57:8

0:049 m3 H2

2:508 m3 gas

� �
5 479 kcal

The part of the problem corresponding to the water cycle does

not change. Therefore the total power for the generator gas is 1215 kcal,

representing 17.2% of the energy in the coal.

5.2.1.2 Coal distillation
Coal distillation is the chemical process that decomposes a carbonous material by

heating it up to high temperatures in the absence of air. It is basically a pyrolysis

that allows the production of a number of species, from coke to coal gas,

gas carbon, Buckmisterfullerene, and hydrogen—when operating from 800�C
to 1000�C. As the coal is heated, several processes take place:

• Up to 100�C gases such as O2, N2, and even CH4 and H2O, are desorbed.

• From 100�C to 300�C some gases, such as H2S, CO2, CO, and small

hydrocarbons, are released due to the breakage of radicals, sulfur ligands, and

acid groups.

• The first liquid fractions appear at around 310�C. Gases are also produced due

to the breakage of the liquids.
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• From 400�C to 450�C the coal starts to melt, becoming plastic, so that the

volume of the mass contracts. Paraffinic chains melt above 500�C, and gases

and liquid hydrocarbons are also produced.

• From 550�C melting finishes and the coal is no longer a plastic. The fraction

of gases and liquids produced is lower, and we produce coke.

• From 500�C to 600�C component A depolymerizes, generating C12 particles;

hydrogen is also released.

• From 700�C to 1000�C there is only cracking. The main component of the

gases is hydrogen that, as it is released, generates porosity in the coal mass,

providing mechanical resistance. Liquid production is low.

• Above 1000�C coke transforms into graphite.

Typically, from 100 kg of coal we obtain 72 kg of coke, 22 kg of gas

(hydrogen, ethylene, ethane, methane, CO, CO2, and nitrogen), and 6 kg of tar

containing mainly benzene, toluene, xylene, phenol, naphthalene, anthracene, and

liquor.

5.2.1.3 Gasification
Gasification is the partial oxidation of a carbon substrate into a gas with a low

heating value; it proceeds via a series of reactions that occur in the presence of a

gasification agent such as air, oxygen, and/or steam. To produce hydrogen,

gas reforming after gasification is required. There are a number of designs for the

gasifiers. They are first classified as either fixed or fluidized beds. Fig. 5.7 shows

four designs: (a) a fixed bed with countercurrent solids and gas circulation;

(b) a downdraft-type fixed bed where the carbonous material and the gases exit

the unit from the bottom; (c) a bubbling-type fluidized bed where only one unit is

involved; and (d) a circulating-type fluidized bed that requires solid gas separa-

tion to recycle the solids. The product gas composition is highly dependent on the

FIGURE 5.7

Gasifier designs.

214 CHAPTER 5 Syngas



configuration, the raw materials, and the operating conditions. Brigdwater (1995)

presented some tables that gathered the yields of different designs. The operating

temperatures range from 700�C to 1000�C and the pressure from slightly above

atmospheric to 30 atm. Typically, the largest production capacity is obtained

using fluidized beds.

Lately, gasification has been used to process biomass to obtain syngas. This

has been used for the production of different biofuels such as ethanol,

Fischer�Tropsch (FT) liquids, or hydrogen (Martı́n and Grossmann, 2013).

The two basic designs are either the one based on the FERCO/Battelle design

or the one by the Gas Technology Institute (GTI). Fig. 5.8 shows the scheme for

the GTI gasifier. It is a bubbling-type gasifier that operates above atmospheric

pressure (5�20 atm) and 800�900�C. It consists of one single unit, and in order

to avoid gas dilution, oxygen (instead of air) and steam are used as fluidification

agents. The gas produced has a low concentration of hydrocarbons, but the frac-

tion of CO2 is large. It is called Renugas. Fig. 5.9 shows the scheme of the

FERCO/Battelle gasifier. The system consists of two units: the gasifier and

the combustor. In the gasifier, steam is mixed with the carbonous material.

The energy for the gasification is provided by hot sand. The solids, sand and

char, are separated in the cyclone, and both are sent to a combustor where air is

used to burn the char and reheat the sand. A cyclone separates the flue gas from

the solids (the sand), which are recycled to the gasifier. The syngas produced

in this system has a higher concentration of hydrocarbons but typically lower

concentration of CO2. Furthermore, since the combustion of the char takes place

in a second unit, air can be used without diluting the syngas.

FIGURE 5.8

Renugas gasifier design.
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The main reactions can be divided into several types:

� Oxygen-based reactions:

C1O2-CO2

C1 0:5O2-CO

CO1 0:5O2-CO2

� Steam-based reactions:

C1H2O-CO1H2

C1 2H2O-CO2 1 2H2

CO1H2O-CO2 1H2

� Methane formation:

C1 2H2-CH4

2C1 2H2O-CH4 1CO2

CO1 3H2-CH4 1H2O

CO2 1 4H2-CH4 1 2H2O

� The Boudouard reaction:

C1CO2-2CO

� Other reactions (eg, hydrocarbon production):

H2 1 0:5O2-H2O

CH4 1 2O2-CO2 1 2H2O

C2H4 1 3O2-2CO2 1 2H2O

CnH2n 1H2-CnH2n12

CnHm 1 nH2O-nCO1 ðn1m=2ÞH2

FIGURE 5.9

FERCO/Battelle gasifier system.
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If gasification is the first stage to hydrogen production, after gas purification,

a WGS stage is needed.

5.2.1.4 Thermal decomposition/partial oxidation
1. Hydrocarbon1 Heat - H21 Lamp Black

This reaction is of interest for the production of lamp black more than for

hydrogen; the hydrogen is not pure enough.

2. Hydrocarbon1 Heat - H21 Unsaturated Hydrocarbon

For instance, the production of ethylene from methane:

2CH42C2H2 1 2H2

C2H222C1H2

3. Hydrocarbon1 O21 Cooling - H21 CO (partial oxidation)

Operating under limited availability of oxygen, this reaction not only produces

energy, but also syngas. The yield to hydrogen is lower than when using steam.

The oxygen needed can be fed as pure oxygen if the syngas is due to produce

fuels, or air if nitrogen is required (eg, in the production of ammonia). The pres-

ence of nitrogen typically results in an increased size of all the units downstream,

and it is not recommended.

5.2.1.5 Steam reforming of hydrocarbons
In the section on gasification, reforming was mentioned as a means to enhance

the proportion of hydrogen by decomposing the hydrocarbons into CO and

hydrogen. If the feedstock is already made of hydrocarbons, reforming is the first

stage towards syngas:

Hydrocarbon1Steam-H2 1CO

C2H2 1 2H2O-2CO1 3H2

CH4 1H2O-CO1 3H2

The most representative case is methane steam reforming. The process

involves a coupled equilibria, that of the decomposition of the methane and that

of the WGS. The constants are presented below Davies and Lihou (1971):

CH4 1H2O2CO1 3H2 Kp 5 10

211; 650

T
113:076

� �
T 5½ �K (5.7)

COðgÞ 1 H2OðgÞ2CO2ðgÞ 1H2ðgÞ Kp 5 10

1910

T
21:784

� �
T 5½ �K (5.8)

Steam reforming is an endothermic process that requires a large amount of

energy. Furthermore, the products show a larger number of moles. Therefore,
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pressure drives the equilibrium to the reactants, not to the product. The WGSR is

exothermic and increases the proportion of hydrogen. Here we present the kinetics

for this particular packed bed reactor, where y represents the molar fraction:

r1 5
ρb � A1 � e2Ea1=RT½ � � PCH4

ð11Ka � PH2
Þ

r2 5 ρb � A2 � e2Ea2=RT½ �
�
yCH4

yH2
2

yCO4
yH2

Keq2

� (5.9)

ρb5 1200 kg/m3

A15 5.5173 106 mol/kg s atm

Ea15 1.8493 108 J/mol

R5 8.314 J/mol K

P5 30 atm

Ka5 4.053 atm21

A25 4.953 108 mol/kg/s

Ea25 1.163 J/mol

Keq25 exp(24.9461 4897/T) T[5]K

The reforming of natural gas for the production of hydrogen consists of four

stages, namely, purification, reforming, WGS, and gas purification. Fig. 5.10

shows the scheme of the process. The natural gas must be purified to remove sul-

fur compounds that are poisonous to the catalysts downstream. Typically a hydro-

desulfurization stage transforms the organic sulfur compounds into H2S using as

catalyst an alumina base impregnated with cobalt and molybdenum (usually

called a CoMo catalyst) operating at 300�400�C and 30�130 atm in a fixed bed

reactor. For example, ethanethiol (C2H5SH):

C2H5SH1H2-H2S1C2H6

FIGURE 5.10

Production of hydrogen through steam reforming.
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After that, a bed of ZnO, operating at 150�200�C, is used to remove H2S:

ZnO1H2S-H2O1ZnS

Alternatively, iron-based oxides (Fe2O3) operating at 25�50�C can also be

used:

Fe2O3 1 3H2S-Fe2S3 1 3H2O

2Fe2S3 1 3O2-2FeO3 1 6S

At this point, the gas is fed to the reformer. Remember that hydrocarbon

reforming is endothermic and a fraction of the feed is used to provide that

energy. The primary reformer uses Ni/Al2O3 as a catalyst, and the secondary

one, if used, is Ni supported on ceramics. Around 10% of the feed is typically

used as fuel. In the reforming reaction, CO is produced, as seen above. Thus

WGS is carried out in two stages: an HTS at 350�C using Fe3O4 as a catalyst,

and an LTS at 200�C using CuO as catalyst, operating adiabatically, to achieve

more than 97% conversion. Finally, the CO2 generated is eliminated. Several

technologies that will be presented in the following section can be used, such as

absorption in ethanolamines or adsorption in fixed beds, pressure swing adsorp-

tion (PSA) systems. Finally, the traces of CO and CO2 are eliminated by metha-

nation. The reaction consumes a small amount of hydrogen using Ni/Al2O3 as

catalyst:

CO1CO2 1 7H2-2CH4 1 3H2O1Heat

The purity achieved is above 99.95 mol%. Fig. 5.11 shows a scheme of the

reformer furnace. The process typically requires 1.3 Mg/d of steam at

2.6 MPa, and produces 1.9 Mg/d at 4.8 MPa.

In the production of ammonia, the reforming system consists of two reformers

(see Fig. 5.11). A primary reformer is fed with desulfurized gas that has been pre-

heated to 400�600�C. The furnace consists of a number of high-nickel chromium

alloy tubes filled with a nickel-based catalyst. The heat to the process is provided

by burning fuel, typically a part of the supply, requiring from 7 to 8 GJ per ton of

ammonia. In the secondary reformer, a packed bed reactor, the nitrogen needed

for preparation of the synthesis gas is added. Air is compressed and heated on the

convection section of the primary reformer and fed to the secondary reformer.

Next, HTS and LTS are carried out to produce more hydrogen by reducing the

CO generated in the reforming stage. Throughout the chapter, the complete pro-

cess will be described.

In Table 5.2 the comparisons between fired furnaces and gas-heated reformers

are presented, justifying the use of the second ones.
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FIGURE 5.11

Reforming system.

With permission from Thyssenkrupp, Uhde, Ammonia ThyssenKrupp (www.uhde.com) http://www.

thyssenkrupp-csa.com.br/fileadmin/documents/brochures/0a2d5391-b166-484d-847d-3cbfd941f06b.pdf,

Uhde (2015).

Table 5.2 Advantages of Gas-Heated Reformers

Fired Furnace Gas-Heated Reformers

Large volumes Smaller volumes
Larger surface area and heat loss Reduced surface area and heat loss
Complex instrumentation Simplified instrumentation
High maintenance costs Low maintenance costs
Large convection zone No convection zone
Stack losses No stack losses
High fixed capital costs Low fixed capital costs
Reduced catalyst tube loss from high temperature
and uneven heat distribution

Longer tube life due to uniform heat
distribution

Increased downtime required for shutdown Reduced downtime required for
shutdown

Well-established process Yet to gain wide acceptance

220 CHAPTER 5 Syngas

http://www.uhde.com
http://www.thyssenkrupp-csa.com.br/fileadmin/documents/brochures/0a2d5391-b166-484d-847d-3cbfd941f06b.pdf
http://www.thyssenkrupp-csa.com.br/fileadmin/documents/brochures/0a2d5391-b166-484d-847d-3cbfd941f06b.pdf


EXAMPLE 5.3

A novel process for the production of hydrogen from propane is being

evaluated. In the reformer, two main reactions take place:

C3H8ðgÞ 1 3H2OðgÞ-3COðgÞ 1 7H2ðgÞ

COðgÞ 1H2OðgÞ-CO2ðgÞ 1H2ðgÞ

Propane steam reforming occurs in a reactor whose pipes are packed

with nickel catalyst. The feed to the reactor consists of a mixture of

steam�propane with a molar ratio of 6:1 at 125�C. The products of the

reforming stage leave the reactor at 800�C. The excess of steam assures

the complete consumption of propane.

To provide the energy for the endothermic reactions, flue gas consisting

of N2 and 22% of CO2 is used. The gas is fed at a rate of 4.94 m3/mol of

C3H8 at 1400�C and 1 atm, and exits the reactor at 900�C. Assume adia-

batic operation. This stream is further integrated to produce low-pressure

steam at 125�C from water at 25�C. The flue gas leaves the heat exchanger

at 250�C. Determine the molar composition of the gas product and the

amount of steam produced.

Solution
Since we are not given the equilibrium constants, we formulate the prob-

lem based on elementary balances and an energy balance as follows:

Qgas 5
X

i5CO2 ;N2

ni

ð1173 K

1673 K

cp;idT

Qin 1Qreact 5Qout

Qgas 1
X

i5C3H8 ;H2O

ni

ð398 K

298 K

cp;idT1
X
i

ΔHr;reactants 5

X
i

ΔHr;products 1
X

i5CO2 ;CO;H2 ;H2O

ni

ð1073K

298K

cp;idT

The elementary balances are as follows:

Bal C:3nC3H8
5 nCO 1 nCO2

Bal O:nH2O 5 nCO 1 2nCO2
1 nH2O;sal

Bal H:8nC3H8
1 2nH2O 5 2nH2

1 2nH2O;sal

Using 1 kmol of propane as the basis for the calculations, we solve the

problem (Table 5E3.1).
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In EXCEL Solver, the model is written as in Fig. 5E3.1

FIGURE 5E3.1

Solver model.

Table 5E3.1 Results of Example 5.3
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5.2.1.6 Dry reforming and autoreforming
So far steam reforming and partial oxidation have been considered to produce

syngas or hydrogen. There are two more alternatives. The first one is the combi-

nation of the previous two. Autoreforming uses the energy generated in the partial

oxidation of a fraction of the feed to provide the energy required for the steam

reforming reactions. In this way, the operation is adiabatic. The stoichiometry

depends on the energy balances. For example:

3CH4 1O2 1H2O-3CO1 7H2

Dry reforming is a novel technology in which CO2 is used to treat hydrocar-

bons to produce syngas. The reaction is endothermic and the yield to hydrogen is

low, but it represents a process where CO2 becomes a carbon source to be reinte-

grated in the process:

C2H2 1 2CO2-4CO1H2

5.2.2 NITROGEN PRODUCTION

See Section 3.2, Air Separation.

5.3 STAGE II: GAS PURIFICATION
Typically, in the production of syngas, apart from CO and hydrogen, a number of

species are also produced. We have already discussed the processing of hydrocar-

bons through reforming for their decomposition. However, the presence of CO2

and sulfur compounds creates a poisonous environment for the reactions down-

stream (Reep et al., 2007). In this section, two cases are considered: the produc-

tion of ammonia and the production of synthetic hydrocarbons and fuels.

5.3.1 AMMONIA PRODUCTION (SYNGAS N21H2)

The CO2 in contact with ammonia and water produces carbonates. This was the

desired reaction in the Solvay process, but not in this case since they deposit on

the catalyst:

CO2 1NH3 1H2O-NH4HCO3-ðNH4Þ2CO3

The sulfur compounds, if not eliminated before, poison the catalyst since they

target Fe.

The presence of CO2, O2, and H2O also negatively affect the catalyst by

deposition.

CO can react with the catalyst, producing copper formate.

5.3.2 SYNTHESIS OF FT TYPE OF FUELS (SYNGAS CO1H2)

In this case the major concern is the removal of sour gases, CO2, and H2S, since

the latter are poisonous to the catalyst and the former negatively affect the reaction.
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5.3.2.1 Sour gas removal
Sour gas removal is a more general case of carbon capture. The technologies

have been used at industrial scale over the last few decades, but only now are

they attracting more attention Plasynski and Chen (1997), GPSA (2004).

5.3.2.1.1 Alkali solutions

These are used for the simultaneous removal of CO2 and H2S via absorption;

Fig. 5.12 shows a scheme. The use of ethanolamines is based on a series of

consecutive reactions between the sour gases and the alkali solution. The absorption

occurs at low temperature (29�C) and moderate pressure (29 atm). To avoid dilution

of the solution by the condensed water, it is separated upon cooling. There are a

number of rules of thumb to determine the flow of amine as a function of the type.

Typically, for monoethanolamine, a solution of 15�25% by weight with a

correction factor of 0.25�0.4 based on a mol-to-mol-based reaction is used.

The reaction is exothermic, and therefore the exit liquid heats up. The reactions for

capturing the CO2 are as follows:

2H2O2OH2 1H3O
1

CO2 ðgÞ2CO2 ðaqÞ

CO2ðaqÞ 1 2H2O2HCO3
2 1H3O

1

HCO3
2 1H2O2CO3

22 1H3O
1

CO2ðaqÞ 1RNH22RNH1
2 COO

2

RNH1
2 COO

21RNH22RNH1
3 1RNHCOO2

RNH1
2 COO

21H2O2H3O
1 1RNHCOO2

RNH1
2 COO

21OH22H2O1RNHCOO2

Duty (BTU/h) Area
Reboiler 72,000 GPM 11.30 GPM
Condenser 30,000 GPM 5.20 GPM
Amine feed to distillation 45,000 GPM 11.25 GPM

FIGURE 5.12

CO2 capture using alkali solutions (GPSA, 2004).
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where the absorption kinetics are given by the equations below (Kierzkowska-

Pawlak and Chacuk, 2010):

r5 k2½Amine�½CO2�5 kob½CO2�

kob 5 k2½Amine�0 5 2:07 � 109exp
�

2 5912:7

TðKÞ

�
½Amine�0

k2½5�m3kmol21s21

(5.10)

As long as:

3,Ha,,Ei

3,

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
kobDCO2

p
kL

,, 11
Damine½Amine�

νamineDCO2
½CO2�i

½CO2�i 5 pCO2
=H; νamine 5 stoichiometryCO22amine;Di 5Diffusivitiesðm=sÞ; kL 5 Sh � DCO2

=db

logðHÞ5 5:32 0:035�Camine 2 1140=TðKÞ
(5.11)

The solution is regenerated by distillation. The column operates at 1.7 atm and is

fed with the solution at 93�C. The distillate exits at 54�C and the bottoms at 125�C.
The energy involved in the different heat exchangers can be computed based on

rules of thumb as a function of the flow of amine in gallons per minute, see Figure

5.12 (GPSA, 2004)

EXAMPLE 5.4

A stream of 40 kmol/s at 34.5 atm and 298K of syngas with 10% CO2 is

processed to remove 99.5% of it before further stages. The equilibrium

data for the system CO2�amine are given in the table below. The L/G ratio

is 1.5, the minimum. Determine the number of stages in a gas�liquid

absorption tower for the removal of CO2 from syngas assuming 25%

efficiency per stage (Table 5E4.1).

Table 5E4.1 Equilibrium Data

mol CO2/mol Amine PCO2(Pa)

0.025 65
0.048 197
0.145 1204
0.276 3728
0.327 4815
0.45 8253
0.9 26,325

10 1,480,620
15 2,918,315
20 4,722,992
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Solution
We first draw the XY curve where X represents the moles of gas per mol of

solution free of gas and Y is the moles of CO2 in the gas per mol of stream

free of CO2:

Xðfree of xÞ5 x

12 x

Yðfree of yÞ5 y

12 y

G0 5Gð12 yÞ
G0ðYn1 1 2 Y1Þ5L0ðXn 2XoÞ

Since yn115 0.1 and y15 0.005, the corresponding Ys are as follows

(Table 5E4.2):

Yn11 5 0:11 and Y1 5 0:005

If we plot the equilibrium data for Yn11, we have Xmax5 16.5, and

thus:

L0

G0

����
min

5
Yn11 2Y1

Xmax

5 0:00641

G0 5Gð12 yÞ5 36 kmol=s

L0=G0 5 0:0096

L0 5 4156-Xmax 5 11:02 mol=mol

We also plot the operating line (triangles) and the minimum operating

line (squares) (Fig. 5E4.1).

Therefore, we need three stages. With an efficiency of 0.25, 12 trays

are needed for the operation.

Table 5E4.2 Equilibrium Data

mol CO2/mol Amine PCO2(Pa) mol CO2/mol Inert

0.025 65.4479554 1.89705E-06
0.048 197 5.71018E-06
0.145 1204 3.48998E-05
0.276 3728 0.00010807
0.327 4815 0.000139585
0.45 8252.67269 0.000239265
0.9 26,324.9963 0.000763626
10 1,480,619.55 0.044840925
15 2,918,315.23 0.092405305
20 4,722,991.64 0.158612026
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5.3.2.1.2 Physical absorption

For operating pressures above 50 atm, physical absorption is widely extended

using different solvents that define the processes, such as Selexol (using polyeth-

ylene glycol dimethyl ether, UOP) or Rectisol (using methanol, Lurgi). In general,

these processes operate at very low temperatures and high pressures. Thus, only if

the gas is already at high pressure is it interesting to use them. The flowsheet

is similar to the one presented for the use of alkali solutions, an absorber and a

desorber column.

Currently, the Selexol process operates on a license by UOP LLC. The sol-

vent, a mixture of dimethyl esters of polyethylene glycol, absorbs or dissolves the

sour gases at 20�140 atm. The solvent is regenerated by reducing the pressure.

The Selexol process can selectively separate CO2 and H2S so that the latter can

be sent to the Claus process to obtain elementary sulfur and from it sulfuric acid;

the CO2 can be further used. Below 2 MPa the absorption capacity of the solvent

is greatly reduced and alkali-based processes are more interesting.

The Rectisol process (Lurgi) uses methanol under cryogenic conditions

(240�C) and from 27.6 atm to 68.9 atm for the removal of H2S and CO2. It is

also selective with the gases.

Fig. 5.13 shows the comparison between physical and chemical sorbents.

Physical sorbents show a linear absorption capacity with the partial pressure of

the gas, and for them to be competitive, the pressure must be higher than when

using alkali solutions. However, the energy involved in the regeneration of the

solvent is lower.

5.3.2.1.3 Pressure swing adsorption (PSA)

The operation of PSA systems for the removal of sour gases is similar to the

one presented in Chapter 3, Air, where they were used to separate nitrogen

FIGURE 5E4.1

CO2 absorber.
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and oxygen. The difference is the adsorbent bed. The operating conditions are

low temperatures (25�C) and moderate pressures (4�6 atm). Typically, CO2 is

the one removed. In Fig. 5.14 the adsorption capacity for molecular sieve carbon

is shown. Zeolites can also be used.

5.3.2.1.4 Membrane separation

The use of membranes is based on the different diffusion rate of the gases through

the membranes; see Chapter 3, Air, for further discussion. The materials of the

membranes are typically the same as those used as adsorbent beds so that

the membranes are of the type known as gas absorption membranes. On the other

FIGURE 5.13

Comparison between physical and chemical absorption.
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FIGURE 5.14

Absorption isotherm and capacity of molecular sieves for CO2 capture.

Reproduced with permission from Osaka Gas Chemicals. http://www.jechem.co.jp/shirasagi_e/tech/psa.html,

Osaka Gas Chemicals (2015).
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side of the membrane, a carrier is used to withdraw the CO2 molecules that

diffuse through it. No hydrostatic pressure is required. The drawback is that the

carrier must be regenerated, similar to when using alkali solutions.

5.3.2.1.5 Cryogenic separation

It is possible to liquefy and condense CO2 by compression and cooling. However,

the compression rates required and the small fraction of CO2 in the gas result in

high energy consumption. This method is only recommended for streams with

concentrations over 60% in CO2.

5.3.2.1.6 Mineral storage and capture

This process was described in Chapter 4, Water, when the equilibrium for the

decomposition of the calcium carbonate was presented. Calcium carbonate as

well as other chemicals can be used.

5.3.2.2 Removal of H2S
This was briefly depicted for the reforming of natural gas. This stage takes place from

150�C to 400�C following the reaction below in an adsorbent bed or in a scrubber:

H2S1ZnO-ZnS1H2O

Instead of using a bed of ZnO, it is possible to use iron compounds.

They operate optimally at 25�50�C. Condensation of water on the catalyst should

be avoided since it reduces the contact area.

Fe2O3 1 3H2S-Fe2S3 1 3H2O

2FeðOHÞ3 1 3H2S-Fe2S3 1 6H2O

In the Claus process the recovered H2S can be further processed to recover

the S in it and produce H2SO4. This process was discovered by Carl Friedrich

Claus, who obtained a patent in 1883. The process has a thermal and a catalytic

stage.

In the thermal stage, the H2S is burned to produce SO2 that reacts with the

feed of H2S to produce sulfur, as in the following reactions:

2H2S1 3O2-2SO2 1 2H2O

2H2S1 SO2-3S1 2H2O

10H2S1 5O2-2H2S1SO2 1 7=2S2 1 8H2O

Two thirds of the H2S are converted to elementary sulfur.

In the catalytic stage, the Al2O3 or titanium oxide IV is used as catalyst.

The reaction progresses as follows:

2H2S1 SO2-3S1 2H2O

The sulfur obtained can be in the form of S6, S7, S8, or S9. This stage can be

subdivided into three phases: heating up, catalytic reaction, and cooling with
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condensation. Heating up avoids condensation of sulfur on the catalytic bed.

The first catalytic stage operates at 315�330�C. For the next two stages, the

bottom of the bed is at 240�C and 200�C, respectively, since the conversion is

favored. Finally, the gas is cooled down to 130�150�C and the excess energy

is used to produce steam. Fig. 5.15 shows the scheme of the process.

5.3.2.3 Removal of CO (ammonia synthesis)
The WGSR is used to convert CO into CO2. A two-step method for sweet gases

is employed. First the gas stream is passed over a Cr/Fe3O4 catalyst at 360�C,
and later over a Cu/ZnO/Cr catalyst at 210�C.

The remaining CO can be separated at low temperatures or by absorption in

copper solutions. In the first case, after the removal of CO2, methane and CO are

cooled down to 2180�C at 40 atm, condensing both. The mixture is expanded to

2.5 atm and distilled to obtain CO from the top and methane from the bottom.

The second method can use several copper aqueous solutions such as CuCl in

HCl (at 300 atm, recovering the CO by expansion at 50�C), and solutions of CuCl

and AlCl3 in toluene operating at 25�C and 20 atm. The CO is recovered at

100�C and 1�4 atm.

5.3.2.4 Water removal (ammonia synthesis)
The gas mixture is cooled to 40�C, at which temperature the water condenses out

and is removed.

5.3.2.5 Removal of carbon oxides: methanation (ammonia synthesis)
The remaining CO2 and CO after carbon capture are converted to methane

(methanation) using an Ni/Al2O3 catalyst at 325
�C:

2CO1 3H2-CH4 1H2O

CO2 1 4H2-CH4 1 2H2O

The water produced in the reactions is removed by condensation at 40�C.

FIGURE 5.15

Scheme of the Claus process (W, water; S, sulfur).

230 CHAPTER 5 Syngas



5.4 STAGE III: SYNTHESIS

5.4.1 AMMONIA

5.4.1.1 Introduction
History: Ammonia was already known back in ancient times. There are up to three

possible origins for the word ammonia. It is typically related to the discovery of sal

ammoniac (ammonium chloride) near the Temple of Zeus Ammon, in the Siwar

Oasis, Libya. The word means “sand” in Greek. It was reported that the salt was found

beneath the sand. Pliny also reported the existence of another hammoniacum close to

the oracle of Ammon. It was a plant secretion deposited in the sand as droplets. The

last possible origin is also related to the Temple of Zeus Ammon since the priest, while

burning camel dung for fuel, observed the formation of some white crystals. It was not

until 1716 that ammonia was linked to rotten food. A few years later, in 1727, it was

obtained from lime and ammonium chloride, as reported in the Solvay process:

CaO1H2O-CaðOHÞ2
CaðOHÞ2 1NH4Cl-CaCl2 1NH4OH

NH4OH2NH3 1H2O

Free ammonia was first prepared in 1774 by J. Priestly using ammonium

carbonate, and in 1785, the chemical formula was discovered by C. Berthollet.

In the 1840s ammonia was a byproduct in coke production. The current process

for the production of ammonia is based on the research by Fritz Haber from 1880

to 1900 on the equilibrium of the reaction between nitrogen and hydrogen.

In 1908 BASF and Haber came to an agreement to design an industrial plant. In

the 5 years working with Karl Bosch, they developed the so-called Haber�Bosch

process. The first plant dates back to 1913 in Ludwigshafen, with a capacity

of 30 t/day, a process that displaced the use of coal and charcoal as sources for

ammonia. In 1953, 143 facilities were already in operation (The HaberBosch

Heritage. 1997, www.science.uva.nl).

Properties: Ammonia is a colorless gas with a characteristic odor whose

density is 0.7714 g/cm3. However, it can easily be liquefied at moderate pressure.

In Table 5.3 we can see some values for the vapor pressure as a function of the

temperature. The heat of vaporization is 5580 cal/mol and the critical temperature

is 132.9�C. It is highly soluble in water, in particular at high pressure and low

temperature. At 20�C and 1 atm, a solution of 28% can be obtained; it is sold

commercially. It solidifies at 278�C in the form of colorless crystals.

NH3 1H2O-NH4OH

NH4OH-NH1
4 1OH2

Table 5.3 Vapor Pressure of Ammonia

T (�C) 233.5 220 0 20
Pv (mmHg) 760 1427 3221 6429
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From a health and safety point of view, a feature worth mentioning is the fact

that ammonia�air mixtures may explode with a hot point. Furthermore, in the gas

phase it is toxic since it increases the blood pressure if breathed in. The eyes are

sensitive to it, and it burns the skin.

Production: Ammonia is naturally produced from rotten, nitrogenated organic

species. For decades it was obtained from the distillation of carbonous materials.

It is currently produced from the reaction of nitrogen and hydrogen. This is the

process that will be analyzed below.

Usage: Ammonia is the basic raw material for the nitrogen industry. Nitrogen

fertilizers are the most widely used fertilizers, which constitute 80% of the ammo-

nia market. The increase in consumption is 18% over the several last years. Urea,

caprolactama, and explosives, as well as nitric acid, are other well-known products.

Storage: Ammonia is stored as a compressed liquid in sphere tanks made

of chromium�nickel stainless steel; the use of Zn or Cu would produce soluble

amines.

5.4.1.2 Stage III reaction (H21N2)
The reaction is shown below. We are going to evaluate its thermodynamics and

kinetics as well as the design of the converter Appl (1998). Finally, we will

describe different commercial processes for the production of ammonia.

1

2
N2 1

3

2
H22NH3; ΔHr 52 48 kcal=molNH3

5.4.1.2.1 Thermodynamics of the reaction

Ammonia production is an exothermic reaction and thus low temperatures favor con-

version. However, the kinetics sets the lower bound of the operating temperature. On

the other hand, there is a decrease in the number of moles as the reaction progresses.

Therefore, the higher the pressure, the larger the conversion. The ideal operation

would be isothermal, since high conversions could be achieved. However, removing

the energy generated as the reaction advances is a technical challenge and the design

of the reactors look for an optimal operating line. The typical pressures and tempera-

tures are 100�1000 atm and 400�600�C (Vancini, 1961). In Table 5.4 we see some

values of the equilibrium constant as a function of both pressure and temperature.

Alternatively, in the literature we can find correlations (Eqs. 5.12 and 5.13) to com-

pute the equilibrium constant either for atmospheric pressure, or as a function of it;

the parameters b and u can be seen in Table 5.5.

log10ðKpÞ5
2250:322

T
2 0:8543021:51049 log10T22:589873 1024T 11:489613 1027T2

(5.12)

log10ðKpÞ5
2074:8

T
2 2:4943log10T 2 b � T 1 1:85643 1027T2 1 u T 5½ �K (5.13)
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The equilibrium constant is a pseudoconstant since it is computed with partial

pressures instead of fugacities. Thus, for the stoichiometry presented, the equilib-

rium is as follows Reklaitis (1983):

Kp 5
PNH3

P0:5
N2
P1:5
H2

Kf 5
fNH3

f 0:5N2
f 1:5H2

(5.14)

fNH3
5 uNH3

PNH3
5 uNH3

PxNH3
(5.15)

Kf 5
fNH3

f 0:5N2
f 1:5H2

5
νNH3

ν0:5N2
ν1:5H2

xNH3

x0:5N2
x1:5H2

5KuKp.Kp 5
Kf

Ku

(5.16)

EXAMPLE 5.5

Compute the ammonia fraction at equilibrium for an operating pressure

equal to 1 atm. The reaction for the production of ammonia is given as

follows:

0:5N2 1 1:5H2’-NH3

The feed enters the reaction in stoichiometric proportions. Assume that

no inerts accompany the feed and that the correlation for the equilibrium

constant is given by the following equation:

log ðKpÞ5
2250:322

T
2 0:853402 1:51049 logðTÞ2 2:589873 1024T

1 1:489613 1027T2

Table 5.4 Values for the Equilibrium Constant

Temperature (�C)

P (atm) 325 350 400 450 500

1.0 0.0401 0.0266 0.0129 0.0060 0.0038
100 0.0137 0.0072 0.0040
300 0.0088 0.0049
600 0.0130 0.0065
1000 0.0233 0.0099

Table 5.5 Values for Parameters b and u

P (atm) b u

300 1.2563 1024 2.206
600 1.085631024 3.059
1000 2.6833 4.473
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Solution
For this example, we use the following nomenclature: T5 temperature,

PT5P, and the molar fraction for the species involved is detoned as x, y

and z for NH3, N2 and H2 respectively. Therefore:

PNH3
5 xPT;PN2

5 yPT;PH2
5 zPT;

Kp 5
PNH3

P0:5
N2

� P1:5
H2

5
x � PT

ðy � PTÞ0:5ðz � PTÞ1:5
5

1

PT

x

y0:5 � z1:5

Kp � Ptotal 5
x

y0:5z1:5

z5 3 � y
x1 y1 z5 1

x1 y1 3 � y5 1

x1 4 � y5 1.y5
12 x

4

z5 3 � y5 3

4
ð12 xÞ

Thus:

Kp 5
x

PT

12x

4

� �0:5
3

4
ð12xÞ

� �1:5 5
42

31:5
x

PTð12xÞ2 5 3:0792
x

PTð12xÞ2

We can solve the equation for x as follows:

x5

21
3:0792

Kp � PT

� �
2

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
21

3:0792

Kp � PT

� �2
2 4

 !vuut
2

We compute, for different temperatures, the fraction of ammonia given

by the variable x (Table 5E5.1).

Assuming that the correlation is valid for different pressures, Fig. 5E5.1

presents the ammonia fraction of the product gas as a function of the

pressure and temperature. As predicted by Le Chatelier’s principle, the con-

version increases with the pressure and for lower temperatures. As described

above, the optimal operation in the reaction would be isothermal, since high

conversion could be obtained in one stage. Adiabatic operation leads us to

find the limit given by the equilibrium line. The reader can also use the

values for Kp given in Table 5.4 to compute the ammonia fraction obtained.
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5.4.1.2.2 Reaction kinetics

The kinetics are based on the process of adsorption of the molecules on the

surface of the catalyst and subsequent desorption. The mechanisms can be divided

into four stages; the scheme can be seen in Fig. 5.16:

1. Diffusion of the nitrogen and hydrogen from the bulk of the gas to the surface

of the catalyst and the porosity of the grain.

2. Chemical adsorption of the gases on the catalyst.

3. Interaction between the atoms of nitrogen and hydrogen. The nitrogen accepts

the electrons from the catalyst and the hydrogen atom gives them away to

compensate for the charge. In a sequence, imide (NH), amide (NH2),

and ammonia (NH3) are produced.

4. Desorption of ammonia and diffusion to the gas phase.

Table 5E5.1 Equilibrium Constant Values

P (atm) T (K) Kp x

1 473 0.59515055 0.14221511
1 523 0.17715127 0.051733
1 573 0.06429944 0.02005278
1 623 0.02717032 0.00867146
1 673 0.01293599 0.00416616
1 723 0.00677637 0.00219106

FIGURE 5E5.1

Effect of pressure and temperature on the fraction of ammonia produced.
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The mechanism can be described as follows:

H222Had

N22N2;ad22Ns

Ns 1Had2NHad

NHad 1Had2NH2;ad

NH2;ad 1Had2NH3;ad

NH3;ad2NH3

where the relative stability of the species can be seen in Fig. 5.17.

The main challenges of the kinetics are the following: (1) there is a high

dependence on the dissociation of the nitrogen molecules; (2) there is an effect of

FIGURE 5.16

Catalyzed production of ammonia.

17 ~21

2591/2 N2 1/2 N2ad

Nad + 3Had NHad + 2Had

NH2 + H

NH2ad + Had

NH3ad

NH3

ΔH
=46

460
543

~960
1400

1129

NH + 2H

N + 3H

314

389

50

~41~33

+3/2 H2

FIGURE 5.17

Potential diagram of species (kJ/mol).

With permission Appl, M., 1999. Ammonia Principles and Industrial Practice. Wiley-VCH. Weinheim.
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the diffusion on the process, which relies on the catalyst structure; (3) the limiting

stage is either the physical or chemical adsorption and ammonia desorption;

and (4) the relative distance to equilibrium has impact (ie, the greater the dis-

tance, the quicker rate).

Although the kinetics is complex, it is widely assumed that the slowest stage

is ammonia desorption. Thus, calling r0 the formation rate of ammonia and rv the
desorption rate, we have as the global rate of ammonia produced:

Global rate5 r0 2 rv

Tiomkin and Pyzhev (Wallas, 1959) suggested the rate of production of

ammonia as per Eq. (5.17):

r5
dPNH3

dθ
5 k1

P0:5
N2
P1:5
H2

PNH3

2 k2
PNH3

P1:5
H2

(5.17)

In Fig. 5.18 we see that the rate increases with the temperature up to 500�C
but there is a maximum due to the equilibrium, and with pressure, since higher

pressure helps in the gas adsorption. The kinetic constants depend on the catalyst

used. It is assumed that r0 is limited by the chemical adsorption of nitrogen on the

catalyst, while rv is controlled by the desorption of the ammonia produced.

FIGURE 5.18

Relative reaction rate with P and T.

Based with permission of Appl, M., 1999. Ammonia Principles and Industrial Practice. Wiley-VCH. Weinheim.
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The catalysts used for the production of ammonia, unlike what is expected,

are not those appropriate for hydrogenation processes, but are those capable of

producing nitrates. Typically, transition metals such as W, Os, Fe, Mo, and U can

be used, but for economic reasons Fe is used in its crystalline α structure. The

structure of Fe depends on the temperature:

770�C Fe α
770�C�900�C Fe β
900�C�1400�C Fe γ
1400�C�1433�C Fe δ

Due to the high operating temperature during the reaction, it would be possible to

reach the more compact structure γ, which represents a problem in terms of species

diffusion. To avoid that compaction, and to stabilize the catalyst, small amounts of

Al2O3 are added to the bulk. Thus, the preparation of the catalyst is as follows:

1. Production of the catalytic mass by oxidation of melted Fe under a flow of O2

to which small amounts of Al2O3 are added.

2. Activation of the catalytic mass by reduction with synthetic H2.

These catalysts are sensitive to CO2 and H2S, and therefore both must be

eliminated before synthesis. It is also possible to poison a catalyst in a previous

reactor so that FeS and CH4 are produced at low temperature in a controlled stage.

5.4.1.2.3 Converter design

Operation with hydrogen under high pressure is what defines reactor structure and

design. Hydrogen under the reaction pressure conditions is capable of removing

carbon from carbon steel and producing hydrocarbons such as methane. As a

result, the material loses resistance, and over time can crack and even explode.

Furthermore, iron at high temperature is permeable to hydrogen. This permeabil-

ity increases with pressure. To address these challenges, the converter is made

of iron with almost no carbon. Since this material cannot handle high pressure

or even maintain the hydrogen inside, the internal structure is surrounded by a

second structure made of chromium�nickel stainless steel. As the designs will

show, a flow of gas between both tubes will drag along the hydrogen that

has escaped the inner structure, similar to current designs for energy efficient

buildings where a flow of air prevents cold or hot flows from entering.

The operating conditions are from 400�C to 500�C, as seen in Fig. 5.18.

Therefore, the feedstock must be heated up. This is carried out in the bottom part of

the reactor where a heat exchanger kind of design is allocated using hot products as

hot stream. The reaction in the catalytic bed is highly exothermic. Thus, the energy

generated must be removed. A number of alternative designs are available in the

industry, as will be presented below. The gas exiting the reactor contains 8�12%

ammonia. The product is recovered by condensation, and the unreacted gas is

recycled. The various designs can be classified as either multibed or tubular conver-

ters (Couper et al., 2009, Appl, 1999).
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Multibed designs. Multibed reactors with direct cooling, also known as quench

converters, are devices that consist of a series of catalytic beds operating adiabati-

cally. The various beds are separated by mixing areas where the hot converted

gas is cooled down with cold fresh feed gas. Therefore, only a fraction of the

feed is heated up to 400�C. The packed bed is designed so that the final tempera-

ture of the gases is around 500�C. This gas is cooled down to 400�C using cold,

unconverted gas. One of the main drawbacks of the system is that the feed flow

does not cross the catalytic beds, and therefore most of the ammonia is produced

within a flow already containing ammonia. This means that the reaction rate is

lower and a larger amount of catalyst is required.

In Fig. 5.19 it can be seen that the last bed is larger than the previous ones. In

the reactor, the feed enters from the top, it is guided between the inner and outer

tubes, heated in the bottom heat exchanger up to 400�C, and then rises through an

internal pipe to be fed to the first bed. In Fig. 5.19 we see that the gas has been

gradually heated up along the way. The conversion in the first bed increases the

temperature and the amount of ammonia. Once the gas reaches 500�C, it is cooled
down with unconverted gas. Furthermore, the unconverted gas dilutes the concen-

tration of ammonia before entering the second bed; see the third picture in

Fig. 5.19. We see that the profile of ammonia concentration tries to follow a path

parallel to the equilibrium line. After the fourth bed, the gas is used as a hot

stream for the initial heating of the feedstock. Heat integration is inherent in the

design of these reactors, and these converters are used in high-capacity facilities.

One of the most famous designs of the quench converter is the four-bed Kellogg

converter, which has been installed more than 100 times (see Fig. 5.20). We can

FIGURE 5.19

Multibed converter with quench cooling.
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classify different designs of multibed reactors based on the flow direction across

the catalytic beds.

Axial flow converters, such as the one shown in Fig. 5.20, cannot increase

their capacity by increasing their diameter because of economic and technical

reasons, and therefore they can achieve high yield only by increasing the depth of

the catalytic bed. However, this solution increases the pressure drop. In order to

mitigate it, larger catalytic particles are used, but they have lower activity. Radial

flow converters do not demonstrate this problem, so they can increase their pro-

duction capacity using smaller particles with low-pressure drop and moderate dia-

meters. The drawback of this design is the need for better sealing to avoid

leakages across the materials.

Casale presented the concept of axial and radial flow to address the problem

of radial flow converters. In these kinds of converters, the annular catalyst

bed is left open at the top to permit a portion of the gas to flow axially through

the catalyst. The remainder of the gas flows radially through the bulk of the

Outlet

Inlet exit heat exchanger

Bed 1

Bed 2

Bed 3

Bed 4

Inlet

FIGURE 5.20

Kellogg four-bed vertical quench converter.

With permission from Czuppon, T.A., Knez, S.A., Rovner, J.M., 2000. Kellogg Company, M.W. Ammonia,

Kirk-Othmer Encyclopedia of Chemical Technology. John Wiley and Sons. New York, Czuppon et al. (2000)

http://dx.doi.org/10.1002/0471238961.0113131503262116.a01 Copyright © 2004 by

John Wiley & Sons, Inc.
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catalyst bed. Crossflow presents an alternative design to allow for a low-

pressure drop, even with small catalytic particles. It was used by Kellogg in

their horizontal quench converter. The catalysis beds are arranged side-by-side

in a removable cartridge so that it is easy to load and unload catalyst. The gas

flows from top to bottom.

Multibed reactors with indirect cooling are known by the classical

Montecatini process. The design uses pipes with hot pressure water in a closed

circuit to cool down the gases. Fig. 5.21 shows the operation. The gas is fed

from the bottom and the feedstock is heated up in the lower heat exchanger and

led to the first bed through the interspace between the inner and outer tubes.

In the first bed, the gas reacts and is allowed to heat up until its temperature

reaches 500�C, at which point the catalytic bed ends and the gas is cooled using

hot water (Appl, 1999). Since there is no contact between the cooling agent and

the gas (first picture of Fig. 5.21), after each bed the composition in ammonia

remains constant. After four beds, the hot converted gas is used as a hot stream

to heat up the feedstock. Heat integration is therefore already part of the reactor

design.

Apart from this basic design, there are some modified converters that also use

indirect cooling such as the Topsoe Series 200, a radial flow reactor that

has internal heat exchangers (Fig. 5.22A), the Topsoe Series 300 (Fig. 5.22B),

the Casale design (Fig. 5.22C), and the Kellogg alternative horizontal design for

indirect cooling (Fig. 5.22D).

Multibed reactors such as the ones depicted in Figs. 5.19 and 5.21 can be

analyzed following Example 7.7 by means of an adiabatic energy balance to each

of the beds and the mass balance provided by the equilibrium.

FIGURE 5.21

Multibed converter with indirect cooling.
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Tube converters. Tube converters provide an alternative design for the removal

of the energy generated in the reaction. In this case the catalyst is packed into

pipes that are the ones responsible for heating up the feed. The designs available

are appropriate for low-capacity facilities. Furthermore, temperature control is

slow and it is difficult to mitigate oscillations in the temperature. Two designs are

presented, Fig. 5.23 for countercurrent flow, and Fig. 5.24 for concurrent flow.

In the first design, the main feed stream enters from the bottom of the converter.

It is heated up in the lower heat exchanger using the hot product gases,

and ascends through pipes as it is further used to cool down the reaction gases.

(D)

(A) Indirect
quench gas

inlet
Main gas

inlet
Cold shotsPressure

shell

Inter-bed
heat

exchanger1st
catalyst

bed

Annulus
around
catalyst
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2nd
catalyst
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Lower
heat

exchanger

Main gas inlet

Bed III

Inlet

Outlet

Bed II Bed I

Inlet gas
interbed heat exchager

Gas inlet
Gas outlet

Quench By-pass

Gas outlet

Gas
outlet

Cold
bypass

(B) (C)

FIGURE 5.22

Industrial designs of indirect cooled converters.

With permission from Czuppon, T.A., Knez, S.A., Rovner, J.M., 2000. Kellogg Company, M.W. Ammonia,

Kirk-Othmer Encyclopedia of Chemical Technology. John Wiley and Sons. New York, Czuppon et al. (2000)

http://dx.doi.org/10.1002/0471238961.0113131503262116.a01 Copyright © 2004 by John Wiley &

Sons, Inc.; with permission from Haldor Topsoe http://www.topsoe.com/sites/default/files/

latest_developments_in_ammonia_production_technology.pdf.
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Then it is fed to the catalytic pipes where it reacts. The heat integration, as seen

in the central picture of Fig. 5.23, is carried out with the same gas as that which

is going to react later. Additional feed is used to cool down the vessel walls.

The conversion accelerates across the pipes and there is a peak in temperature

along the catalyst. In Example 5.6, a simplified version of this reactor is modeled.

FIGURE 5.23

Countercurrent tube-cooled converter (TVA converter).

FIGURE 5.24

Cocurrent-flow, tube-cooled converter.
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Fig. 5.24 shows an alternative design where the cooling gas and the reacting

mixture flow parallel and in the same direction. The feed enters the reactor from

the top. It is also used to control the leakages of hydrogen by forcing its flow

between the inner and outlet structures of the reactor. Next, it is heated up to

reaction temperature in the lower heat exchanger, and by means of a system of

pipes, fed parallel to the pipes containing the catalyst so that both gases descend

and exchange heat. The hot feed is then guided to enter the catalyst. In the second

picture of Fig. 5.24 is the profile of temperature across the reactor, which presents

two peaks due to the change in direction of the feed. In the third picture of the

same figure, the content of ammonia is presented as it matches a subequilibrium

line.

EXAMPLE 5.6

The original problem was described by Murase et al. (1970) and models

the operation of an ammonia reactor with the configuration shown in

Fig. 5E6.1. It is assumed that there is no axial mass or heat transfer, that

the temperature at the catalytic region is the same as at the catalytic

particle, the heat capacities of the gases are constant, and the activity of

the catalyst is 1. We also assume that the pressure drop can be computed

using Ergun’s Equations. This example is well-known in the literature,

however, in this text the model is solved in gProms.

FIGURE 5E6.1

Reactor geometry.
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Energy balance to the feed:

dTf

dx
5

US1

Wcp;f
ðTg 2 TfÞ

U: Overall heat transfer coefficient (500 kcal/m2 h��C)
S1: Surface area of cooling tubes per unit length of reaction, 10 m

Tg: Temperature of reacting gas (�C)
Tf: Temperature of the feed (�C)
cp,f: Heat capacity of the feed gas 0.707 kcal/kg K

X: Distance along the axis

W: Mass flow rated 26,400 kg/h

Reactant gas energy balance:

dTg

dx
52

US1

Wcp;f
ðTg 2 TfÞ1

ð2ΔHÞS2
Wcp;g

� f ra½ �

ΔH: Heat of reaction per mol of N2 (226,000 kcal/kmol N2)

S2: Cross-sectional area of catalyst zone 0.78 m2

ra: Reaction rate (kmol N2, h m2)

cp,g: Heat capacity of the reacting gas 0.719 kcal/kg�K
Nitrogen mass balance:

ra5
dNN2

dx
52 f

"
K1

PN2
� P1:5

H2

PNH3

2K2

PNH3

PH2

#

K1 5 1:789543 104 exp

�
2 20; 800

RTg

�

K2 5 2:57143 1016 exp

�
2 47; 400

RTg

�

f: Catalyst activity

Pi: Partial pressure of the species

Ki: rate constants,

where

PN2
5PoðatmÞ �

�
NN2

Ntotal

�

PH2
5 3 � PN2

PNH3
5PoðatmÞ �

�
NNH3

Ntotal

�

NNH3
5NNH3 ;o 1 2ðNN2 ;o 2NN2

Þ
Ntotal 5NN2

1 3 � NN2
1NNH3 ;o 1Ninertes 1 2ðNN2 ;o 2NN2

Þ
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and the pressure drop is given by Ergun’s equation:

dP

dz
52

Gð12φÞ
ρgcDpφ3

"
150ð12φÞμ

Dp

1 1:752G

#

dP

dz
52

Gð12φÞ
ρogcDpφ3

"
150ð12φÞμ

Dp

1 1:752G

#
Po

P

T

To

FT

FTo

G5

X
i

Fi oMi

Ac

5 1307:6
lb

ft2h

gc5 4:173 1028½5�psi
μ � cte

G: Mass flow rate per unit of area (lb/ft2 h)

φ: Porosity
Dp: Particle diameter (ft)

μ: Gas viscosity (lb/ft�h)
ρ: Gas density (lb/ft3)

Tf5 694K, Tg5 694K, P5 286 atm, NN25 701.2 kmol/h m2

Feed: 21.75% N2; 62.25% H2; 5% NH3; 4% CH4; 4% Ar.

We model the reactor in gProms. For a further description of the

modeling of reactors using gProms, we refer the reader to Martı́n (2014).

We define a model block as:

PARAMETER
S1 as real
S2 as real
eff as real
cooling as real
U as real
Pto as real
ph as real
rhoo as real
Dp as real
visc as real
gc as real
Tgo as real
Cpf as real
Cpg as real
deltaHr as real
R as real

VARIABLE
K1 as notype
K2 as notype
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NN2o as concentration
Ni as concentration
NNH3o as concentration
Nto as concentration
Ntotal as concentration
NN2 as concentration
Tf as temperature
Tg as temperature
Presion as Pressure
PN2 as Pressure
PH2 as Pressure
PNH3 as Pressure
ra as notype
G as notype

SET
S1:510;
S2:50.78;
eff:51;
cooling:526400;
U:5500;
Pto:5286;
ph:50.45;
rhoo:50.054;
Dp:50.015;
visc:50.090;
gc:54.17e8;
Tgo:5694;
Cpf :50.707;
Cpg:50.719;
deltaHr:5226000;
R:51.987;

EQUATION
K151.78954e4�exp(220800/(R�Tg));
K252.5714e16�exp(247400/(R�Tg));
NN2o50.2125�26400/10.5;
Ni50.08�26400/10.5;
NNH3o50.05�26400/10.5;
Nto54�NN2o1Ni1NNH3o;
Ntotal5Ni1NNH3o12�NN2o12�NN2;
PN25NN2�Presion/Ntotal;
PH253�PN2;
PNH35Presion�((NNH3o12�(NN2o-NN2))/(Ntotal));
ra5eff�(K1�PN2�PH2^1.5/PNH3-K2�PNH3/(PH2^1.5));
G50.454�(Ni�161NN2o�2813�NN2o�2)/((S2/0.3048^2));
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$NN252ra;
$Tf5(U�S1�(Tg2Tf)/(cooling�Cpf));
$Tg52(U�S1�(Tg2Tf)/(cooling�Cpg))1(ra)�(2deltaHr)�S2�eff/

(Cpg�cooling);
$Presion52G�(12ph)�Pto�Tg�(150�(12ph)�visc/Dp11.75�G)�(Nto/

(Ni1NNH3o12�NN2o12�NN2))/(14.7�rhoo�gc�Dp�ph^3�Tgo�Presion);

PROCESS
Unit R101 as Reactor

INITIAL
WITHIN R101 DO

NN25 0.2125�26400/10.5;
Tg5 694;
Tf5 694;
Presion5286;

END # Within

SOLUTIONPARAMETERS
ReportingInterval :5 0.1 ;

SCHEDULE
CONTINUE FOR 5

The temperature profiles are prsented in (Fig. 5E6.2).

FIGURE 5E6.2

Profile of the temperature along the pipes.
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5.4.1.2.4 Production processes

The various processes differ from one to another based on the raw material used,

and therefore, the procedure to obtain the syngas and the reactor design.

Kellogg process (medium pressure). Fig. 5.25 shows a flowsheet for the Kellogg

process. In this figure the different sections can easily be recognized. Natural gas

is the typical feedstock. After sulfur removal, we have primary and secondary

reformers followed by high-temperature and low-temperature sweet shift. Once

the syngas is obtained, CO2 is removed. Selexol or MDEA processes are among

the selections for the Kellogg design. The traces of CO and CO2 are removed in a

methanator. The synthesis occurs in their proprietary converter designs using

ruthenium catalyst (Kaap), which has recently substituted the Fe-based ones (after

90 years). The reaction operates at 300�C and 100�130 atm. Next, ammonia is

separated. There are some rules that determine the type of separation, condensa-

tion, or absorption, depending on the operating conditions. Condensation is

recommended above 100 atm in spite of the high fix costs. Absorption typically

follows Raoults’ Law (see Chapter 2: Chemical processes).

Haber�Bosch process (medium pressure). This is one of the most extended

processes for the production of ammonia. There are versions that use natural gas,

but coal was commonly the raw material. Fig. 5.26 shows the scheme of the

process. The syngas is produced using steam, air, and coke. There are a few prep-

aration stages including the scrubber, WGSR, and CO2 capture. The converter

operates at 200�350 atm and 550�C. The ammonia concentration in the outlet

stream from the converter is from 13% to 15%, and the ratio between the recycle

and the feed is 6�7 to 1. The converter is 12 m tall, with an inner diameter

of 0.8 m. The wall is 0.16 m thick and uses 6 t of double-promoted iron catalyst

(see Fig. 5.27). The purge is around 5%. The ammonia is absorbed in water that

is distilled to recover the ammonia (Lloyd, 2011).

Claude’s process (high pressure). George Claude’s process is characterized by a

high operating pressure at the reactor (900�1000 atm), and temperatures in the range

of 500�650�C using a promoted iron catalyst. No recirculation is present due to the

high conversion achieved—higher than 40%. Since there is no recycle and no purge,

the unreacted hydrogen is lost. The catalyst is iron oxidized in magnesia containing

5�10% calcium oxide. Magnesium oxide also dissolves in the mixture. The reactor

includes a guard bed to absorb poisons and convert residual CO into methanol. As a

result of the pressure, water can be used to condense the produced ammonia out of

the product stream. The drawbacks of the process are the compression costs and

shorter converter life. Thirty percent of US plants used the Claude process. The

reactor is 5 m tall, with an inner diameter of 0.5 m and a wall thickness of 0.3 m.

Fig. 5.28 shows a scheme of the original reactor (Lloyd, 2011).

Uhde’s process. The first stages of this process are common to others

(see Fig. 5.29). The raw material is typically natural gas that is processed

to remove the sulfur compounds. Next, it is mixed with steam to produce

the syngas over nickel catalysts. The first reformer operates at 40 atm

and 800�850�C to save compression energy later on. This reformer is top-fired,
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FIGURE 5.25

Kellogg process for the production of ammonia. a) Feed gas compressor; b) Desulfurization; c) Heat integration; d) Primary reformer; e) Air compressor; f)

Secondary reformer; g) Heat recovery; h) High-temperature shift converter; i) Low-temperature shift converter; j) Condensate stripper; k) CO2 absorber; l)

CO2 flash drum; m) Recycle compressor; n) Semi-lean Pump; o) Stripper (other options: Benfield or BASF aMDEA); p) Stripper air blower; q) CO2 lean

pump; r) Methanator feed preheater; s) Methanator; t) Synthesis gas compressor; u) Dryer; v) Purge gas H2 recovery; w) Ammonia converter; x) Start-up

heater; y) Refrigeration exchanger; z) Refrigeration compressor.

Reproduced with permission from Czuppon, T.A., Knez, S.A., Rovner, J.M., 2000. Kellogg Company, M.W. Ammonia, Kirk-Othmer Encyclopedia of Chemical Technology. John Wiley and

Sons. New York, Czuppon et al. (2000) http://dx.doi.org/10.1002/0471238961.0113131503262116.a01 Copyright © 2004 by John Wiley & Sons, Inc.

http://dx.doi.org/10.1002/0471238961.0113131503262116.a01


FIGURE 5.26

Haber�Bosch process.

FIGURE 5.27

Haber converter.

Reproduced with permission from Wallas, S.M., 1990. Chemical Process Equipment. Selection and Design.

Butterworth-Heinemann Series in Chemical Engineering. Washington, Wallas (1990). Butterworth-

Heinemman Copyright 1990.



and its tubes are made of a stainless steel alloy for better reliability. In the second

reformer, air is added. After gas cooling, the CO is transformed into CO2 using

the sweet shift combining HTS and LTS. The process uses ethanolamines for the

removal of the CO2, while the traces of CO and CO2 are eliminated via methana-

tion. This process is characterized by the use of two converters with three cata-

lytic beds operating under radial flow conditions; see Fig. 5.30 for a scheme of

the reactor. The first reactor consists of an intercooled three bed reactor operating

at 110 atm. The second one, operating at 210 atm, is responsible for two thirds of

the total ammonia production. The use of this system allows a limited pressure

drop. The energy generated is used to produce high-pressure steam. The ammonia

is recovered by condensation. The purge is processed to recover the hydrogen,

and the rest of the gas is used as flue gas.

Outlet

Upper tube plate

Catalyst carrier

Shell of catalyst carrier
basket

Lower tube plate

Electric heater

Thermocouple

Gosket

Normal gas inletCold gas inlet

FIGURE 5.28

Claude reactor.

Reproduced with permission from Wallas, S.M., 1990. Chemical Process Equipment. Selection and Design.

Butterworth-Heinemann Series in Chemical Engineering. Washington, Wallas (1990). Butterworth-

Heinemman Copyright 1990.
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Gas inlet

Start-up gas Bypass
control

First bed

Second bed

Third bed

Gas outlet

Gas inletStart-up gas

First bed

Second bed

Gas outlet

Ammonia converter I, radial flow,
catalyst beds 1 and 2

Three-bed ammonia
converter, radial flow

FIGURE 5.30

Uhde reactor: http://www.thyssenkrupp-industrial-solutions.com/fileadmin/documents/

brochures/TKIS_Ammonia.pdf.

With permission from Thyssenkrupp, Uhde, Ammonia ThyssenKrupp (www.uhde.com) http://www.thyssenkrupp-

csa.com.br/fileadmin/documents/brochures/0a2d5391-b166-484d-847d-3cbfd941f06b.pdf, Uhde (2015).

Fuel

Steam reformer Secondary
reformer

Ammonia converters

Desulfurization

HP steam
superheater

Steam
drum

Gas cooler

HT shift

BFW

BFW

CO2

CO2-
removal

HP steam

LT shift

HP steam

MP steam

Feed

Process air

Combustion air

Refrigeration

CW

Purge

NH3-
separator

NH3
(liquid)

Syngas compressor

Make up gas

Methanation

FIGURE 5.29

Uhde’s ammonia process.

With permission from Thyssenkrupp, Uhde, Ammonia ThyssenKrupp (www.uhde.com) http://www.thyssenkrupp-

csa.com.br/fileadmin/documents/brochures/0a2d5391-b166-484d-847d-3cbfd941f06b.pdf, Uhde (2015).

http://www.thyssenkrupp-industrial-solutions.com/fileadmin/documents/brochures/TKIS_Ammonia.pdf
http://www.thyssenkrupp-industrial-solutions.com/fileadmin/documents/brochures/TKIS_Ammonia.pdf
http://www.uhde.com
http://www.thyssenkrupp-csa.com.br/fileadmin/documents/brochures/0a2d5391-b166-484d-847d-3cbfd941f06b.pdf
http://www.thyssenkrupp-csa.com.br/fileadmin/documents/brochures/0a2d5391-b166-484d-847d-3cbfd941f06b.pdf
http://www.uhde.com
http://www.thyssenkrupp-csa.com.br/fileadmin/documents/brochures/0a2d5391-b166-484d-847d-3cbfd941f06b.pdf
http://www.thyssenkrupp-csa.com.br/fileadmin/documents/brochures/0a2d5391-b166-484d-847d-3cbfd941f06b.pdf


Fauser process (old process). In this process the hydrogen is produced via elec-

trolysis while the nitrogen comes from air fractionation Ernest et al. (1925). Both

streams are mixed and compressed up to 200�300 atm after processing to remove

oil and oxygen in a deoxo-type reactor.

H2 1O2-H2O

Water is condensed and removed before feeding the stream to the reactor.

The reactor uses iron-promoted catalysts and operates at 500�C, achieving a conver-

sion of 20%. It is 14 m tall with an interdiameter of 0.85 m and a wall thickness

of 0.16 m. The ratio between the recycle and the feed is 4.5�5 to 1, and a part of

the recycle is purged to avoid build-up. Fig. 5.31 shows a scheme of the reactor,

and Fig. 5.32 the process.

FIGURE 5.31

Fauser reactor.

Reproduced with permission from Wallas, S.M., 1990. Chemical Process Equipment. Selection and Design.

Butterworth-Heinemann Series in Chemical Engineering. Washington, Wallas (1990). Butterworth-

Heinemman Copyright 1990.
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Texaco process. The Texaco process is characterized by the technology used in

the production of the syngas, the partial oxidation of hydrocarbons. It is called

the Texaco syngas generation process (TSGP). Next, WGSR is carried out.

Subsequently, the CO2 is captured using the Rectisol process. Fig. 5.33 shows the

stages for syngas production in the Texaco process.

Gasification. It is also possible to gasify coal or other carbonous mass for syngas

production and later use it to produce ammonia. Gasification was responsible for

90% of the share of ammonia production by the 1940s.

Casale process. The main characteristic of this process, developed by Luigi Casale,

is the reactor; a scheme can be seen in Fig. 5.22. It operates at 600 atm and 500�C,
and the control of temperature in the reaction is achieved by recycling the gas so that

2�3% ammonia in the feed of the converter is allowed. As a result, the rate of

ammonia production is reduced, and with it, the energy generation. The high operat-

ing pressures allow the use of cooling water to condense and separate the ammonia.

The reactor is typically 10 m tall, with an inner diameter of 0.6 m and a wall thick-

ness of 0.25 m. The ammonia concentration at the reactor exit is around 20% and the

ratio between the recycle and the feed is 4�5 to 1 (Vancini, 1961, Lloyd, 2011).

Gas generator/water gas process. This process is characterized by the

production of the syngas using the combination of the generator gas and water

gas cycles that were presented in the beginning of the chapter. After the gas

FIGURE 5.32

Fauser process. Ernest et al. (1925).

FIGURE 5.33

Texaco process.
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is generated, sulfur is removed using hydrodesulfurization and later H2S removal

stages. Next, WGS is carried out to remove the CO and increase the production

of hydrogen. Subsequently, CO2 is captured and the traces of CO are removed

using copper. Finally, ammonia is synthesized. Fig. 5.34 shows the flowsheet.

Haldor�Topsoe process. The main feature of this process is that the raw

material can be either natural gas or liquid hydrocarbons. After hydrodesulfuriza-

tion and H2S removal, primary and secondary reforming are performed. Air is

injected in the second reformer. Next, HTS and LTS are carried out, and after

CO2 removal using Selexol or MDEA, methanation removes the traces of CO

and CO2. The main feature of the process is also the use of proprietary radial

flow reactors operating at 140 atm. Ammonia can be condensed using water,

and 20% of the unconverted gas is lost. Fig. 5.35 shows the flowsheet.

FIGURE 5.35

Haldor�Topsoe process for ammonia production.

With permission from Haldor Topsoe http://haldor.dk/Business_areas/Ammonia.

FIGURE 5.34

Gas generator/water gas reaction.
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EXAMPLE 5.7

In an ammonia production facility, the converter is fed with a stoichiomet-

ric mixture of syngas N21 3H2. The conversion at the reactor is 25% to

ammonia. Assume that all the ammonia is separated in a condensation

stage. The unconverted gases are recycled to the reactor. The initial feed-

stock contains 0.2 moles of Ar per 100 mol of mixture. At the entrance of

the reaction, a maximum of 5 moles of ammonia per 100 mol of syngas is

allowed. Compute the purge.

Solution
The synthesis loop is shown in the figure below. We formulate the mass

balance from point 1 onwards, assuming that R is the syngas recycle

(Fig. 5E7.1).

For the balance to the converter, the reaction taking place is as

follows:

N2 1 3H2-2NH3

Note that we can consider the syngas a mixture, and that per 4 moles

of reactants, 2 moles of ammonia are produced. Using this consideration,

only three species are evaluated. Let “Recy” be the recycled syngas

(Tables 5E7.1 and 5E7.2):

The balance to the gas�liquid separator is covered in Table 5E7.2.

For the balance to the divider (the purge) we assume that a fraction of

the recycle, α, is purged (Table 5E7.3).

FIGURE 5E7.1

Synthesis loop.

Table 5E7.1 Balance to Converter

In Reacts Out

N21 3H2 1001Recy 2(1001Recy)�0.25 (1001Recy)�0.75
NH3 (2/4) (1001 Recy)�0.25 (1001Recy)�0.125
Ar (1001Recy)�0.05 (1001Recy)�0.05
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Under steady-state conditions, the Ar fed to the system must be eliminated

through the purge. Furthermore, the recycle, assumed to be R, is also a func-

tion of the purge. Thus, we have a system of two equations and two variables:

0:25 ð1001RecyÞ � 0:05α
Recy5 ð12αÞ � ð1001RecyÞ � 0:75

Solving the system we have R5 288 and α5 0.0103. The compositions of

the streams at the four positions along the flowsheet are given in Table 5E7.4.

EXAMPLE 5.8

The gas exiting the reactor at 400�C and 300 atm contains ammonia in a

concentration that corresponds to 30% of the equilibrium value under those

conditions. Assume that the pressure does not change across the facility.

Assuming humid air calculations with ammonia as the moisture:

a. Compute the composition of the gases at the reactor exit.

b. Determine the gas composition after a cooling stage at 5�C.
c. Compute the gas composition after a second cooling at 225�C

Hint: The equilibrium constant at 400�C and 300 atm is 0.0153.

Table 5E7.2 Balance to Separator

In Ammonia Removal Out

N213H2 (1001 Recy)�0.75 (1001Recy)�0.75
NH3 (1001 Recy)�0.125 (1001 Recy)�0.125
Ar (1001 Recy)�0.05 (1001Recy)�0.05

Table 5E7.3 Balance to Divider

In Purge Recycle

N21 3H2 (1001Recy)�0.75 (1001Recy)�0.75�α (1001Recy)�0.75 (12α)
NH3

Ar (1001Recy)�0.05 (1001Recy)�0.05�α (1001Recy)�0.05�(12α)

Table 5E7.4 Results of the Mass Balance

1 2 3 4

N213H2 388 291 291 3
NH3 0 48.5 0 0
Ar 19.4 19.4 19.4 0.2
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Solution
As presented in the section describing the equilibrium, the constant is as

follows:

Kp 5
x

PT

�
12x

4

�0:5�
3

4
ð12xÞ

�1:5 5
42

31:5
x

PTð12xÞ2 5 3:0792
x

PTð12xÞ2 5 0:0153

x5 0:45

Since only 30% of the conversion at equilibrium is achieved,

xreal 5 0:135

BC5 100 kmol

3H2
752 3y

1 N2
252 y

2 2NH3
2y

2y

1002 2y
5 0:135

y5 5:947

H2 5 57:159

N2 5 19:053

NH3 5 11:895

the molar gas composition is as follows:

H2 5 64:87%

N2 5 21:63%

NH3 5 13:50%

Ammonia vapor pressure at the two temperatures, from Antoine correlation,

Pv 5 exp 16:94712
2132:5

TðKÞ2 32:98

� �

is given in Table 5E8.1:

Table 5E8.1 Vapor Pressures of Ammonia at the Example
Pressures

P (atm) 1.5 5
T (�C) 225 5

2595.4 Stage III: Synthesis



After the condensation, the gas is saturated, and thus:

PNH3
5PT � yNH3

55 300 � yNH3

yNH3
5 0:0167

Thus, the uncondensed moles are computed as follows:

0:01675
nNH3

19:0531 57:1591 nNH3

nNH3
5 1:2944

Therefore, 10.6 moles have condensed. After the second condensation,

we proceed similarly to compute the ammonia in the gas:

PNH3
5PT � yNH3

1:55 300 � yNH3

yNH3
5 0:005

0:0055
nNH3

19:0531 57:1591 nNH3

nNH3
5 0:383

Therefore, 0.91 kmol have been condensed. In total, 11.51 kmol have

been recovered out of the 11.8945, around 97% recovery.

EXAMPLE 5.9

The stream from the reactor consists of 281 kmol of syngas, 9.12 kmol

of Ar, and 62 kmol of ammonia. Ammonia is cooled and condenses.

Assuming a condensation pressure of 50 atm, compute the temperature

of the cooling for recovering 75% of the ammonia produced. Use flash

calculations to compute the separation.

Solution
The problem is formulated as a gas�liquid equilibrium using the following

nomenclature:

L: Liquid exit (kmol)

V: Vapor exit (kmol)

Ki: Equilibrium constant for noncondensables

Kj: Equilibrium constant for condensables

xi: Liquid molar fraction

yi: Vapor molar fraction
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A global balance and a component balance are used to compute the

molar fraction of the gas and liquid phases:

F5V 1L

Fzi 5Vyi 1Lxi

yi 5KiUxi
Combining the equations:

yi 5
zi

V

F
1

�
12

V

F

�
�
�

1

Ki

�

xi 5
zj

ðKj 2 1Þ �
�
V

F

�
1 1

Ki .. 155.V � yi � FUzi
55-

Kj , , 15 5 . LUxi � FUzj

V �
X

fi; L �
X

fj

yi 5
fi

V
5

fiX
fi

and xi 5
yi

Ki

5
fi

Ki �
X

fi

The vapor compositions are given by the following equations:

li 5L � xi 5
fi �
X

fj

Ki �
X

fi

vi 5 fi 2 li 5 fi 12

X
fj

Ki

X
fi

 !

The liquid compositions are computed as follows:

vj 5VUyj 5VUKjUxj 5
KjUfjU

X
fiX

fj

lj 5 fj 2 vj 5 fjU 12
KjU
X

fiX
fj

 !

where Ki or Kj is equal to Pv/Ptotal. Thus, we fix lj to be 75% of fj for ammo-

nia and solve the system of equations. Alternatively, we can just solve

vj5 0.25 fj to obtain Kj, and from that the temperature. Table 5E9.1 presents

the results. We see that the Ks are within the error of the approximation.
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EXAMPLE 5.10

Compute the liquid flow required to recover 98% of the ammonia content

in the product gases of the converters using an absorption column. The

total gas flow is 10 kmol/s with 20% ammonia by volume. The stream is

at 10 atm and 25�C. The gas flow is 50% of the minimum required.

Calculate the number of stages.

Solution
Assume that Raoult’s law holds. Therefore:

xPv 5 yPT’-y5Hx

The vapor pressure of ammonia is computed using the Antoine correla-

tion as follows:

Pv 5 exp

�
16:94712

2132:5

T ðKÞ2 32:98

�

We formulate a mass balance to the ammonia using as control volume

that of the scrubber:

Gout yout 1Lout � xout 5Lin � xin 1Gin � yin
10 � 0:25 2 � 0:021 Lout � xout

Table 5E9.1 Results of the Gas�Liquid Separation
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The concentration of ammonia in the liquid is in equilibrium with that

of the gas in the inlet, y5 0.2.

xPv 5 0:2U10U760

x5
0:2U7600

exp

�
16:94712

2132:5

2982 32:98

� 5 0:207

Lin5 7.72 kmol/s. Thus, the flow used is 11.58 kmol/s. yi is the compo-

sition of the exiting gas consisting of 8 kmol/s of air and 0.04 kmol of

ammonia, yi5 0.005.

Nmin 5

log

"�
yn11 2Hxo

y1 2Hxo

��
A2 1

A

�
1

1

A

#

log A
5

log

"
0:2

0:005

�
A2 1

A

�
1

1

A

#

logð1:20Þ

5 11:15 12ðsayÞ

A5
L

VUH
5

L

V � Pv ðTÞ
PT

5
11:58

10U
7336

7600

5 1:20

5.4.2 FISCHER�TROPSCH TECHNOLOGY FOR FUEL AND
HYDROCARBON PRODUCTION

5.4.2.1 Introduction
FT synthesis dates back to 1902 when Sabatier and Senderens found that the CO could

be hydrogenated over catalysts of Co, Fe, and Ni to produce methane. In 1920 Franz

Fischer, founding director of the Kaiser Wilhelm Institute of Coal Research in

Mülheim an der Ruhr, and his head of department, Dr. Hans Tropsch, presented the

formation of hydrocarbons and solid paraffins on Co�Fe catalysts at 250�300�C. FT
technology was further developed and became commercial in Germany during the

Second World War when their access to crude was denied. Lately, apart from the

hydrogenation of CO, the large production of CO2 has made it widely available as a

carbon source. Therefore, research has focused on the possibility of using it as a source

of methane, methanol, or fuels Eckhard et al. (1998), Weissermel and Arpe (1978).

5.4.2.2 Methanol production
In this section the mechanism of the formation of methanol is depicted. Next, the

equilibrium for the production is evaluated, followed by the reactor kinetics, the

reactor designs, and a description of the production process.
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5.4.2.2.1 Mechanisms

The scheme for the reaction is as follows, where the limiting reactions are marked

as “rds”. The mechanism is given by the hydrogenation of CO and CO2 together

with the WGS reaction (Vanden Bussche and Froment, 1996):

H2ðgÞ1 2s22Hs ðKH2
Þ

CO2ðgÞ1 s2Os1COðgÞ ðk1;K1Þ rds
CO2ðgÞ1Os1 s2CO32s ðK2Þ
CO32s1Hs2HCO32s1 s ðK3Þ
HCO32s1 s2HCO22s1Os ðK4Þ
HCO22s1Hs2H2CO22s1 s ðk5aÞ rds
H2CO22s2H2COs1Os ðK5bÞ
H2COs1Hs2H3COs1 s ðK6Þ
H3COs1Hs2CH3OHðgÞ1 2s ðK7Þ
Os1Hs2OHs1 s ðK8Þ
OHs1Hs2H2Os1 s ðK9Þ
H2Os2H2OðgÞ1 s ðKH2OÞ

5.4.2.2.2 Equilibrium

In the reactor, a series of reactions takes place. Only two of the three are linearly

independent, and thus the equilibrium model for the reaction can be formulated

using the elementary balances to C, O, and H, and the following two equilibrium

constants. Note that the WGSR reaction is present. The methanol synthesis is

affected by pressure. High pressure drives the reaction to products.

CO1 2H22CH3OH

CO2 1H22CO1H2O

CO2 1 3H22CH3OH1H2O

The equilibrium constants are given as follows:

Kp1 5
PCH3OH

PCOP
2
H2

5 9:743 1025

exp 21:2251
9143:6

T
2 7:492 ln T 1 4:0763 1023T 2 7:1613 1028T2

� �
(5.18)

Kp3 5
PCOPH2O

PCO2
PH2

5 exp 13:1482
5639:5

T
2 1:077 ln T 2 5:443 1024T 1 1:1253 1027T2 1

49; 170

T2

� �
(5.19)
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The elementary mass balance is given by Eq. (5.20):

H: 2UnH2
12UnH2O

���
in
2 2UnH2

12UnH2O14UnCH3OH

� 	���
out

5 0;

C: nCO1nCO2

���
in
2 nCO1nCO2

1nCH3OH

� 	���
out

5 0;

O: nCO12UnCO2
1nH2O

���
in
2 nCO12UnCO2

1nH2O1nCH3OH

� 	���
out

5 0;

(5.20)

There are two main operating variables that the feed to the reactor must meet

for the optimal production of methanol:

• The ratio of hydrogen to CO should be 1:75#
H2

CO
# 3.

• The role of CO2 in the reaction mechanism is not well-known or understood.

However, it is considered that the concentration of CO2 should be 2�8%, and

the ratio of the syngas components involving CO2 should be the following:

1:5#
H2 2CO2

CO1CO2

# 2:5 (5.21)

5.4.2.2.3 Kinetics of methanol production

There are a number of models in the literature for the production of methanol

from syngas. We consider the work by Vanden Bussche and Froment (1996) as

reference. The rates for the production of methanol and the reverse WGS are

given by:

rMeOH 5 k05a � K 0
2 � K3UK4 � PCO2

� PH2

�
12

1

K
�
1

PH2O � PCH3OH

P3
H2

� PCO2

�
β3

rRWGS 5 k01PCO2

�
12K

�
3

PH2OPCO

PCO2
PH2

�
β

(5.22)

where

β5
Cs

Ct

5
2 b1

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
b2 1 4a

p

2a

a5K 0
2K3K4

ffiffiffiffiffiffiffiffi
KH2

p
PCO2

ffiffiffiffiffiffiffiffi
PH2

p
1

K 0
2KH2O

KH2
K8K9

PH2OPCO2

PH2

(5.23)

b5 11
KH2O

KH2
K8K9

PH2O

PH2

1
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
KH2

PH2

p
1KH2OPH2O

K 0
2 5K2ct

k05a 5 k5ac
2
t

k01 5 k1Uct

(5.24)
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The equilibrium constants are given by Eq. (5.25),

log10k
�
1 5

3066

T
2 10:592

log10
1

K
�
3

5
22073

T
1 2:029

(5.25)

and the kinetic constants are of the form given by Eq. (5.26):

kðiÞ5AðiÞ exp
�
2
BðiÞ
R

�
1

Tav
2

1

T

��

Tav 5 501:57K

(5.26)

Therefore, the rates are as follows:

rMeOH 5

k05aUK
0
2UK3UK4UKH2

UPCO2
UPH2

�
12

1

K
�
1

PH2OUPCH3OH

P3
H2
UPCO2

�
 
11

�
KH2O

KH2
K8K9

��
PH2O

PH2

�
1

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
KH2

PH2

p
1KH2OPH2O

!3

rRWGS 5

k01PCO2

�
12K

�
3

PH2OPCO

PCO2
PH2

�

11

�
KH2O

KH2
K8K9

��
PH2O

PH2

�
1

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
KH2

PH2

p
1KH2OPH2O

(5.27)

The parameters required are in the following table:

ffiffiffiffiffiffiffiffi
KH2

p A 0.499

B 17,197

KH2O

A 6.623 10211

B 124,119

KH2O

KH2K8K9

A 3453.38

B �

k
0
5a � K

0
2 � K3UK4 � KH2

A 1.07

B 36,696

k
0
1

A 1.223 1010

B 294,765
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EXAMPLE 5.11

Assume a feed composition of 0.2CO, 5H2, and 0.4CO2, and no inerts.

The reactor operates at 493K and 50 atm. Model the reactor.

Solution

Reactor model

PARAMETER
A_rKH2 as Real
A_KH2O as Real
A_quot as Real
A_k5K2K3K4KH2 as Real
A_k1 as Real
B_rKH2 as Real
B_KH2O as Real
B_quot as Real
B_k5K2K3K4KH2 as Real
B_k1 as Real
R as Real

VARIABLE
Temp as Temperature
Press as Pressure
rKH2 as notype
KH2O as notype
quot as notype
k5K2K3K4KH2 as notype
k1 as notype
#% Algebraic equations - equilibrium constants
K as notype
K3 as notype
# Algebraic equations - Partial pressures as ideal gas mixture
P_CO as Pressure
P_H2O as Pressure
P_MeOH as Pressure
P_H2 as Pressure
P_CO2 as Pressure
# Algebraic equations - Reaction rates
r_MeOH as notype
r_RWGS as notype
molCO as molar
molH2O as molar
molMeOH as molar
molH2 as molar
molCO2 as molar
moltotal as molar

2675.4 Stage III: Synthesis



SET
A_rKH2:50.499;
A_KH2O:56.62e-11;
A_quot:53453.38;
A_k5K2K3K4KH2:51.07;
A_k1:51.22e10;
B_rKH2:517197;
B_KH2O:5124119;
B_quot:50;
B_k5K2K3K4KH2:536696;
B_k1:5-94765;
R:58.314;

EQUATION
rKH25A_rKH2�exp(B_rKH2/(R�Temp));
KH2O5A_KH2O�exp(B_KH2O/(R�Temp));
quot5A_quot�exp(B_quot/(R�Temp));
k5K2K3K4KH25A_k5K2K3K4KH2�exp(B_k5K2K3K4KH2/(R�Temp));
k15A_k1�exp(B_k1/(R�Temp));
#% Algebraic equations - equilibrium constants
K510^(3066/(Temp)-10.592);
K351/(10^(-2073/(Temp)12.029));
# Algebraic equations - Partial pressures as ideal gas mixture
moltotal5molCO1molH2O1molMeOH1molH21molCO2;
P_CO5molCO/moltotal�Press;
P_H2O5molH2O/moltotal�Press;
P_MeOH5molMeOH/moltotal�Press;
P_H25molH2/moltotal�Press;
P_CO25molCO2/moltotal�Press;
# Algebraic equations - Reaction rates
r_MeOH5(k5K2K3K4KH2�P_CO2�P_H2�(1-(1/K)�(P_H2O�P_MeOH/

(P_H2^3�P_CO2))))/((11quot�P_H2O/P_H21rKH2�(P_H2)^(1/2)1

KH2O�P_H2O)^3);
r_RWGS5(k1�P_CO2�(1-K3�(P_H2O�P_CO/(P_CO�P_H2))))/

(11quot�P_H2O/P_H21rKH2�(P_H2)^(1/2)1KH2O�P_H2O);
#Differential continuity equations
$molCO5r_RWGS;
$molH2O5r_RWGS1r_MeOH;
$molMeOH5r_MeOH;
$molH25-r_RWGS-3�r_MeOH;
$molCO25-r_MeOH-r_RWGS;

Process
Unit R102 as Methanol
assign
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Within R102 do
Temp:5493;
Press:550;
end

INITIAL
WITHIN R102 DO
molCO50.2;
molH2O50;
molMeOH50;
molH255;
molCO250.4;

END # Within

SOLUTIONPARAMETERS
ReportingInterval :5 0.05 ;

SCHEDULE
CONTINUE FOR 1

FIGURE 5E11.1

Concentration profile in the reactor.
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5.4.2.2.4 Reactor design

One of the most important challenges is the removal of the energy generated dur-

ing the reaction. Six different designs are typically used:

a. Multibed reactors with intercooling. ICI low pressure quench converters

(English et al., 2000). The reactor operates at 50�100 atm and around 270�C.
Cold syngas is fed in between beds to cool the hot product. Since syngas is

fed at different stages, the product is diluted and the molar fraction of

methanol reduces between beds, as seen in Fig. 5.36.

b. A Kellogg-type converter is indirectly cooled; see Fig. 5.37. The feed enters a

series of spherical reactors. Each reactor is separated from the next one by

means of heat exchangers used to cool down the stream.

(Note: The analysis of types (a) and (b) can be carried out as presented in

Chapter 7, Sulfuric acid, for the multibed reactor for SO3 production.)

c. Tubular reactors. These consist of a vessel full of tubes with the catalyst

packed inside them. The syngas and the recycle stream are fed to the bottom

where it is heated up using the hot product gases. The syngas turns at the top

and descends across the catalytic bed. As a result, the reaction path follows

the maximum conversion line, reducing the need for catalyst; see Fig. 5.38.

The conversion is typically 14%. One example is Mitsubishi Heavy Industries

(English et al., 2000).

d. Rising steam converters, Lurgi technology, operate in nearly isothermal

conditions. Catalyst can be placed in the tubes region or in the shell region.

These are the most efficient from the thermodynamic point of view since the

catalyst volume is smaller. The good temperature control reduces the

formation of byproducts; see Fig. 5.39.

FIGURE 5.36

Direct cooled multibed reactors. (A) Equilibrium line; (B) maximum rate line; (C) quench

line; and (D) intrabed line.
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FIGURE 5.37

Indirect cooled converter.

FIGURE 5.38

Tubular reactor for methanol synthesis.
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e. Lately a new reactor design is gaining acceptance. It consists of a slurry bubble

column that operates with the gas, syngas, liquid, methanol, and solid, catalyst,

phases. It is known as LPMEOH. It operates at 50 atm and 225�265�C using

Cu/ZnO catalysts to reach 15�40% conversion. Some users of this technology

are Eastman Chemical Company and Air Products and Chemicals, Inc.;

see Fig. 5.40. A detailed model can be found in Ozturk and Shah (1984).

FIGURE 5.39

Rising steam converter.

FIGURE 5.40

Slurry reactor.
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f. The last alternative consists of using a Gas�Solid�Solid Trickle Flow Reactor

(GSSTFR) with an adsorbent material (SiO/Al2O3) to remove the methanol in

situ, driving the equilibrium to products (Spath and Dayton, 2003; Verma,

2014).

5.4.2.2.5 Production process

There are three alternatives based on the operating pressure at the reactor: high

pressure (250�300 atm), medium pressure (100�250 atm), and low pressure

(50�100 atm). In all cases the process consists of three stages; see Fig. 5.41 for a

typical configuration.

Syngas production: Fig. 5.41 shows a scheme of the production of methanol

from natural gas reforming consisting of desulfurization of the methane and

removal of H2S, saturation of the methane with water, prereforming, and primary

and secondary reforming. Part of the methane is burned to provide the energy to

the endothermic reaction, and also to heat up the natural gas. The proper H2-to-CO

ratio is around 2. Other technologies for syngas production can be used as presented

in the first section of this chapter.

Methanol synthesis: Step reaction that is 50% of the equilibrium at most,

operating at 200�300�C and under pressure. Methanol and water are condensed

and the unconverted gases recycled:

CO1 2H22CH3OH

CO2 1H22CO1H2O

FIGURE 5.41

Methanol production flowsheet.
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High-pressure operation: Operating at 25 MPa, zinc oxide�chromium oxide

catalysts are used in five bed reactors. Dimethyl ether and water are also produced.

Low-pressure operation: Since 1923 these have been the typical plants.

Operating around 50 atm and using copper-based catalysts, this operation uses

reactors such as the one in Fig. 5.36.

Distillation of a water�methanol mixture: The liquid mixture is separated.

EXAMPLE 5.12

The production of methanol yields a stream with 45% molar methanol and

the rest water. The requested purity of methanol is 97%, and the residue is

assumed to have 5% methanol. The column processes a saturated liquid

mixture with an L/D ratio of 1.5. Calculate the flow of distillate and resi-

due, and the number of trays, assuming that each tray has an efficiency of

70%. Assume that the mixture behaves as ideal.

Solution.
Assuming that Raoult’s Law holds, and using Antoine’s correlation for the

vapor pressures, we draw the XY diagram for the mixture:

ln ðPvÞ5
�
A2

B

T ð�CÞ1Cð Þ

�

where

x5
PTotal 2PVap;H2O

PVap;CH3OH 2PVap;H2O

-We draw the diagram

y5
PVap;CH3OH

PTotal

x

Assuming that the liquid and vapor flows remain almost constant along the

columns in each region, we have the rectifying and stripping operating lines

by performing a mass balance to the condenser and the reboiler as follows:

yn 5
L

V
xn:21 1

D

V
xD

ym 5
L0

V 0 xm21 1
W

V 0 xW

Since we have the information on the reflux ratio, we compute the slope

and the intercept. We perform a mass balance to the condenser as follows:

L

V
5

1

11 1=ðL=DÞ
D

V
5

1

11L=D
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Thus,

L/D 1.5

L/V 0.6

D/V 0.4

xD5 0.97, according to the information provided. Thus we plot the oper-

ating line at the rectifying section. The operating lines intercept at the q line.

ΦL 5
L0 2 L

F

ΦV 5
V2V 0

F

q5
ΦV 2 1

ΦV

xn: 1
1

ΦV

xf

Since the feed is saturated liquid, the q line is vertical, and with the

rectifying section operating line we can also plot the stripping section

operating line; see Fig. 5E12.1 The intercept is given for x5 0.45.

Solving yn from the operating line, yn5 0.67 (Fig. 5E12.1).

We need eight theoretical trays. The actual number is given as follows:

nreal 5
ntheoretical 2 1

η
1 15

7

0:7
1 15 11 trays

FIGURE 5E12.1

Number of theoretical trays.
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By performing a global mass balance and another one to the most

volatile, using a total feedstock of 100 kmol, we have:

F5D1R

Fxf 5DXD 1RXR

F D R

Total 100 43.4782598 56.5217402

CH3OH 45 42.173912 2.82608701

5.4.2.3 Syngas reaction to Fischer�Tropsch liquids
The desired products determine the operating conditions in terms of temperatures

and pressures (from 10 to 40 bar), and the catalyst type employing either

cobalt- or iron-based catalysts. For the production of gasoline and small hydrocar-

bons, currently iron-based catalysts are used, operating at high temperatures

(300�350�C)—ie, high-temperature Fischer�Tropsch (HTFT). If diesel or

heavier products are to be obtained, either cobalt-based or iron-based catalysis

can be used. The reactors will operate at lower temperature (200�240�C),
ie, low-temperature Fischer�Tropsch (LTFT). The iron catalyst provides high

selectivity for C10�C18, which means a higher yield of diesel. Cobalt catalysts

typically do not allow WGSR, and require higher H2-to-CO ratios. Moreover,

the reactions with iron catalyst are usually conducted at 30 bar. Furthermore, FT

synthesis requires careful control of the H2:CO ratio to satisfy the stoichiometry

of the synthesis reactions as well as to avoid deposition of carbon on the catalysts

(coking). An optimal H2:CO ratio from 1:1 to 2:1 for the production of diesel and

gasoline is recommended (Dry, 2002, Swanson et al., 2010).

5.4.2.3.1 Mechanisms

The main reactions can be seen below. The first reaction corresponds to methana-

tion, the second is the WGS reaction, and the third reaction is the Boudouard

reaction. The methanation reaction and the Boudouard reaction are undesirable:

CO1 3H22CH4 1H2O; ΔH298 5 247 kJ=mol

CO1H2O2CO2 1H2; ΔH298 52 41 kJ=mol

2CO2C1CO2; ΔH298 52172 kJ=mol

The reaction to produce hydrocarbons given below is the desired one, and is

the most dominant reaction when applying cobalt-based FT catalyst. When using
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iron-based catalyst, the WGS reaction also readily occurs, enabling the operation

at a lower temperature.

nCO1

�
n1

m

2

�
H2-CnHm 1 nH2O

CO1 2H2-2CH2 21H2O; ΔHFT 52165 kJ=mol

The details for the elementary chemical steps on the surface of the catalysts

are unclear, but it is widely accepted that a stepwise chain growth process is

involved. Fig. 5.42 shows the polymerization-based mechanism. Large hydrocar-

bon chains are believed to be produced through the dissociation of CO. At each

stage of the growth process, the surface species (at first, surface carbon) have the

option of desorbing to produce alkenes, or to be hydrogenated to desorb as an

alkane, or to continue the chain growth process by adding another CH2.

Fischer�Tropsch liquids can be refined to various amounts of renewable (green)

gasoline, diesel fuel, and aviation fuel depending upon process conditions.

Botao et al. (2007) presented the following kinetic mechanism where “rds”

represents limiting steps.

FIGURE 5.42

FT liquid production mechanism.

Reproduced with permission from Martı́n, M., Grossmann, I.E., 2011. Process optimization of FT-diesel

production from lignocellulosic switchgrass. Ind. Eng. Chem. Res. 50, 13485�13499, Martı́n and

Grossmann (2011).
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CO1 s’-CO-s

CO-s1H-s’-C-s1OH-s

C-s1H2’-CH2-s

H2 1 2s’-2H-s

CH2-s1H-s-CH3-s1 s ðrdsÞ
CH2-s1CnH2n11-s-CnH2n11CH2-s1 s ðrdsÞ
HO-s1H-s’-H2O1 2s

H-s1CO-s’-HCO-s1 s

CnH2n11-s1CO-s’-CnH2n11CO-s1 s

HCO-s1H2’-HCHOH-s

CnH2n11CO-s1H2’-CnH2n11CHOH-s

HCHOH-s1H-s’-CH3OH1 2s ðrdsÞ
CnH2n11CHOH-s1H-s’-CnH2n11CH2OH-s

HCO-s1OH-s’-HCOOH1 2s ðrdsÞ
CnH2n11CO-s1OH-s’-CnH2n11COOH1 2s

CH3-s1H-s-CH4 1 2s

CnH2n11-s1H-s-CnH2n12 1 2s

CnH2n11-s’-Cn11H2n 1H-s ðrdsÞ

5.4.2.3.2 Reactor types

Four main types of reactors are used within FT facilitates. From left to right in

Fig. 5.43 we have circulating bed, typically used from 1950 to 1987 for HTFT,

with a production capacity of 2�6.5 kbdp. To the right there is the multitubular

reactor, used from 1950 to 1985 for LTFT, with production capacities of

0.5�0.7 kbdp. The second generation of reactors from the 1980s�90s includes

FIGURE 5.43

FT reactor designs.

278 CHAPTER 5 Syngas



the fixed fluidized bed (Synthol reactor) from 1989, with a production capacity of

11�20 kbdp, used for HTFT; and the fixed slurry bed, introduced in 1993 for

LTFT, with production capacities of 2.5�17 kbdp.

5.4.2.3.3 Syngas production and synthesis

The alternative technologies for the production of FT liquids came from the com-

bination of the various technologies available for each step, from the processing

of the various raw materials, gas cleaning, catalysts employed, and the type of

reactor. In Table 5.6, a few of the main companies producing FT liquids are com-

pared with regards to the decision on the technologies that constitute their charac-

teristic flowsheets.

The entire flowsheet for the production of FT liquids consists of syngas

production, purification, and composition adjustment. After that, the FT reactor is

used to produce the hydrocarbon mixture. There are two alternatives as mentioned

above: LTFT and HTFT. The product distribution is a direct function of them

and the ratio of the H2-to-CO feed to the reactor.

5.4.2.3.4 Product distribution

To determine the composition of the products as a function of the operating

conditions at the reactor, the Anderson�Schulz�Flory (ASF) distribution has typ-

ically been used. It assumes that the FT reactor operates as a polymerization reac-

tor. The fraction of mass of the hydrocarbons i5 number of C, and wi depends on

the probability of chain growth, α.

wi 5αi21ð12αÞ2 � i (5.28)

According to the studies by Song et al. (2004), α is a function of the tempera-

ture and the ratio CO-to-H2, as follows:

α5 0:2332 � yCO

yCO 1 yH2

� �
1 0:633

� �
� 12 0:0039 � T ð�CÞ1 273ð Þ2 533ð Þð Þ (5.29)

Table 5.6 Alternative Processes for FT Production

Syngas Production Reactor Catalyst Company

Partial oxidation Slurry Co-based Energy Int
Catalytic partial oxidation Slurry Co-based Exxon
Partial oxidation, steam reforming, autothermal
reforming

Slurry Fe-based Rentech

Partial oxidation, steam reforming, coal gasification Slurry
Slurry
Fluidized

Co, LTFT
Fe, LTFT
Fe, HTFT

Sasol

Partial oxidation Fixed Co Shell
Autothermal reforming using air Fixed Co Syntroleum
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Fig. 5.44 shows the effect of α on the composition of the products. Diesel is

produced as the main component for values of α around 0.9 using LTFT.

Gasoline requires slightly lower values of α, 0.7�0.8, and HTFT.

5.4.2.3.5 Product upgrading and refinery processes

The product stream from an FT reactor is separated and treated to obtain fuels.

This stream can be very similar to crude oil, and the same upgrading methods are

common to a regular refinery.

HTFT: The exit of the FT reactor is separated, obtaining the decanted

oil (DO) fraction, the stabilized light oil (SLO) fraction, the condensate, and

the aqueous phase. The condensate allows production of ethylene, propylene,

and monomers using cold separation. From the SLO fraction, an atmospheric

distillation unit allows the production of chemicals and gasoline. The heavy

products from the atmospheric distillation are fed to the vacuum column

together with the DO fraction, which allows production of light vacuum gas oil

and heavy vacuum gas oil. From the bottoms we get wax. The most widely

used method for upgrading the wax produced in FT reactors is hydrocracking,

which allows the production of liquefied petroleum gases (LPGs): gasoline and

diesel. This process combines the hydrogenation and cracking of the heavy oil.

Therefore, the catalyst is bifunctional. Cracking is obtained using acidic

support—ie, zeolites or amorphous silica alumina—while hydrogenation is

imparted by metals such as Pd, Pt, Mo, Wo or Co, and Ni. The advantage is

CH4
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FIGURE 5.44

Product distribution as a function of chain length.

Reproduced with permission from Martı́n, M., Grossmann, I.E., 2011. Process optimization of FT-diesel

production from lignocellulosic switchgrass. Ind. Eng. Chem. Res. 50, 13485�13499, Martı́n and

Grossmann (2011).
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that it is possible to process a wide range of feedstocks (with high distillate

selectivity) to naphtha and diesel—typically around 60% diesel and 30%

naphtha—operating at 370�C and 7 MPa. It is an exothermic process, but it is

expensive. Fluid catalytic cracking (FCC) is another option to break down large

hydrocarbons. The process uses a sand-like material as catalyst, and heat.

The catalyst is circulated from the reactor and the regenerator. The reactor

typically operates at about 715�C and 3.4 bar. On the catalyst, carbon is depos-

ited, and the regenerator, operating at 1.7 bar, burns the coke, heating up the

catalyst. This energy is used to vaporize the feedstock and to carry out

the endothermic cracking reactions. The product stream, consisting of a gas

phase containing light hydrocarbons, gasolines, light and heavy oils, and slurry

oil, is sent to fractionation. Fig. 5.45 shows a scheme of the operation of such

an upgrading process.

LTFT: The wax and condensate obtained from the FT reactor are cracked to

obtain LPGs (gasoline and diesel) using hydrocracking or FCC.

5.4.2.4 Use of CO2 to chemicals
Lately, various catalysts have been developed for the hydrogenation of CO2 to

fuels. Typically, those that allow reverse WGSR are the ones suitable for this oper-

ation. Thus, sufficient concentration of hydrogen is required (Riedel et al., 1999).

Below we present the main equilibria involved in the production of the same

chemicals as above, but from CO2. The mechanism consists of a large number of

steps (up to 49) involving more than 30 species (Grabow and Mavrikakis, 2011).

Methane has been produced using metal catalysts such as Ni, Ru, Fe, Co, Pd,

or Rh supported on Al2O3 (Janke et al., 2014) following these reactions:

CO1 3H22CH4 1H2O (5.28)

FIGURE 5.45

Fluid catalytic cracking unit.
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CO2ðgÞ 1H2ðgÞ2COðgÞ 1 H2OðgÞ (5.29)

The equilibrium constants can be found in Roh et al. (2010), where T is in K

and P in kPa.

Kp1 5 10; 266:76 � exp
�
2
26; 830

T
1 30:11

�
5

PCO � P3
H2

PCH4
� PH2O

Kp2 5 exp

�
4400

T
2 4:063

�
5

PCO2
� PH2

PCO � PH2O

(5.30)

For methanol production, catalysis based on Cu, Zn, Cr, and Pd is used,

such as Cu/ZnO supported on Al2O3. Zr can be used as an efficient promoter

(Jadhav et al., 2014). The reactions are as follows:

CO2 1 3H22CH3OH1H2O

CO2 1H22CO1H2O

The values of the equilibrium constants for reactions are computed using

Eqs. (5.31) and (5.32) (Chinchen et al., 1988).

PCH3OH


 �
PH2O


 �
PCO2


 �
PH2


 �3 5Ka2e
22:2251

9143:6

T
27:492 lnðTÞ14:0763 1023UT27:1613 1028UT2

� �

(5.31)

PCO½ � PH2O


 �
PCO2


 �
PH2


 �5Ka2

5exp 13:1482
5639:5

T
21:077 lnT25:4431024T11:12531027T21

49;170

T2

� �
(5.32)

For FT fuels, the reactions are as follows:

CO2 1 3H2-2CH2 2 1 2H2O1 125 kJ=mol

CO2 1H22CO1H2O

So far the yield is nowhere comparable to the one from syngas (Riedel et al.,

1999, Rodemerck et al., 2013).

5.4.2.5 Methanol to gasoline (MTG)
This is a technology based on the dehydration of methanol to dimethylether

(DME) and its subsequent use to produce olefins (Exxonmobil, 2014). Methanol

is vaporized and fed to a DME reactor, which is a fluidized bed reactor that uses

ZSM-5 catalyst. The feed enters at 300�320�C and 14.5 bar. It is highly exother-

mic, 1740 kJ/kg of methanol. Therefore, heat removal is an issue. The effluent of
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this reactor, at 400�420�C, is mixed with the recycle gas from the methanol to

gasoline (MTG) reactors and fed to the MTG reactors. This recycle helps control

the temperature:

2CH3OH2CH3OCH3 1H2O

ðn=2Þ � CH3OCH3-CnH2n 2 nH2O-n½CH2�1 nH2O

The conversion of the process is close to 100% and yields 1% gas, 5% LPG,

38% gasoline, and 56% water. For the organic phase we have a composition

of 0.7% CH4, 0.4% C2H6, 0.2% propylene, 4.3% propane, 1.1% butylenes, 10.9%

butane, 82.3% naphtha, and 0.1% oxygenates.

The water produced is removed from the organic phase and sent to a train of

columns to recover the C2 fraction (de-ethanizer column), LPG (stabilizer or

de-butanizer column), and light and heavy gasoline (splitter). While most of the

de-butanizer bottoms (stream containing C51 ) are sent to the gasoline splitter,

a small portion of the de-butanizer is recycled to the de-ethanizer column to act

as a lean oil solvent. This stream helps in the separation of the gases. After this

stage, the heavy gasoline containing C91 hydrocarbons is treated. This stream

contains durene. It is an undesirable product that is responsible for carburetor

“icing” due to its high melting point. The treatment is conducted with a Heavy

Gasoline Treater (HGT). This stage removes durene via hydrogenation. The liquid

obtained is stabilized in a stripper column and combined with the light gasoline

from the de-butanizer. (Jones and Zhu, 2009).

Such a plant produces 3.2 bbl of gasoline per day and a ton of methanol,

0.42 bbl of LPG/day t, and 0.097 bbl/day t of fuel gas.

5.5 PROBLEMS
P5.1. Coal is processed using air and steam to produce a syngas with an H2-to-

N2 ratio of 3. The coal has 10% ash and 90% C. 1% of the carbon is lost

with the ash. In the water gas cycle, 80% of the steam reacts. In the gas

generator cycle, 65% of the carbon produces CO2 and the rest CO. In the

water gas cycle, the carbon generates CO. The air used is at 25�C and

760 mmHg with 55% relative humidity.

Determine:

a. Relative amount of air and steam.

b. Heating power of the gas produced per ton of coal.

c. Amount of air required per ton of coal.

P5.2. Syngas with an H2-to-CO ratio of 2 is to be produced from C2H2. Steam

reforming of the hydrocarbon, fed at 900K, is carried out using 50%

excess of water with respect to the stoichiometric one. In the process,

100% conversion of the hydrocarbon is obtained. A fraction of the gas

product is sent to a WGSR, maintaining the temperature from the
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previous stage, to increase the yield to hydrogen. Assume isothermal

operation of the WGSR. See Fig. P5.2 for the scheme of the flowsheet.

Determine the temperature and composition of the gases leaving the

reformer, which requires 75,000 kcal/kmol of hydrocarbon and the

fraction of the product gas that is fed to the WGSR.

P5.3. The feedstock for the production of ammonia contains 0.5 mol of Ar per

100 mol of N2�H2 mixture. After mixing it with the recycle, the stream

is fed to the converter. The syngas has stoichiometric proportions of

nitrogen and hydrogen (N21 3H2). The gas also contains 5 moles of Ar

per 100 moles of syngas. The reactor is operated at 200 atm and 740K

isothermally where the equilibrium shown below takes place:

0:5N2 1 1:5H2’-NH3

The equilibrium constant (Kp) can be computed as a function of the

temperature using the following equation:

log ðKpÞ5
2250:322

T
2 0:853402 1:51049 logðTÞ2 2:589873 1024T 1 1:48961U1027T2

T½5 �K; Kp½5 �atm21

The ammonia produced can be completely recovered by

condensation. The unreacted gas is recycled. A fraction of the recycle

stream is purged. Determine the flow of each stream (1, 2, 3, and 4) in

Fig. P5.3 per 100 moles of syngas fed to the system.

FIGURE P5.2

Scheme for the production of syngas.

FIGURE P5.3

Scheme for the ammonia synthesis loop.
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P5.4. In a coal-based synthesis gas facility, 45% of the fuel is consumed in the

generator gas cycle while the rest follows the water gas cycle. The coal

consists of 90% C and 10% ash. Assume that the losses of C with the

ashes are negligible.

The generator gas cycle uses atmospheric air (Ts5 23�C, ϕ5 0.62,

and PT5 720 mmHg), and the reaction takes place at 973K and 1 atm.

Assume that no water gas equilibrium with steam is reached, just

reaction. The equilibrium constant as a function of the temperature can

be computed using the following equation:

Boudouard reaction: logðKpÞ5 9:11062
8841

T
T 5½ �K

The water gas cycle uses steam so that only 40% of it reacts. The

equilibrium for the WGS among the resulting gases establishes at 800K.

The equilibrium constant can be determined using the following

equation:

Water gas reaction log Kp 5
2073

T ðKÞ 2 2:029

� �
T 5½ �K

Pv 5 exp ð18:3036� 3844=ð2272 Tð�CÞÞ
Determine:

� Relative amounts of generator gas and water gas produced.

� Heating value of both gases.

� Fraction of the initial heating power in C remaining in both gases.

P5.5. The ammonia converter is fed with a stoichiometric mixture of

nitrogen and hydrogen. The mixture carries 5 moles of Ar per 100

moles of synthesis gas. The reactor operates at 230 atm and 800K

isothermally.

0:5N2 1 1:5H2’-NH3

The value for the equilibrium constant as a function of the

temperature can be computed using the following equation:

logðKpÞ5
2250:322

T ðKÞ 2 0:853402 1:51049 logðTðKÞÞ2 2:58987

3 1024TðKÞ1 1:489613 1027TðKÞ2

The ammonia is condensed in a heat exchanger at the reaction

pressure. Determine the final temperature to recover 96% of the

ammonia produced. Assume humid air ideal behavior in the ammonia

condensation. The ammonia vapor pressure is seen below (Fig. P5.5):

log10(Pv)5A2 (B/(T1C))

Pv5 vapor pressure (bar)

T5 temperature (K)
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Temperature (K) A B C

164.0 � 239.6 3.18757 506.713 280.78

239.6 � 371.5 4.86886 1113.928 210.409

P5.6. In a thermal plant, coal is burned with dry and stoichiometric air. After

sulfur removal, the CO2 produced in the combustion is expected to be

further used. The CO2 stream is fed to a coal bed to recover part of

its synthetic potential. The aim is to achieve 99% CO2 conversion.

Determine the pressure and temperature of operation, as well as the

coal consumption during this operation, not accounting for the thermal

plant operation, per kmol of dry air used to burn the original coal.

The equilibrium constant for the operation of the coal bed is given by

the following equation:

logðKpÞ5 9:11062
8841

T ½5 �K

P5.7. In a coal-based synthetic gas production facility, 40% of the fuel follows

the generator gas cycle and the rest, 60%, is used in the water gas cycle.

The coal consists of 90% carbon and 10% ash. Assume negligible

carbon losses in the ash. In the generator gas cycle, half of the carbon

produces CO and the other half produces CO2. The oxygen is

completely consumed. Dry air is used. The water gas cycle operates at

1000K and 1.09 atm. Assume that the carbon is completely consumed

and the steam is fed in 50% excess.

Determine:

� Composition of the gas generator and water gas.

� Operating temperature of the gas generator cycle.

� Heating values for the two gases per kg of carbon fed.

� The H2-to-CO ratio of the mixed gases.

P5.8. Syngas with the appropriate H2-to-CO ratio for ethanol production is

produced. An electrolytic cell operating at 80�C is used for the

FIGURE P5.5

Scheme for the ammonia synthesis and separation.

286 CHAPTER 5 Syngas



production of hydrogen. The current yield of the cell is 55%.

The hydrogen is at 80�C. On the other hand, a flowrate of 36 kmol/h

of flue gas from a thermal plant is available. The composition, once

cleaned, consists of 66% molar CO2, and the rest is CO. Determine the

consumption of water in the electrolysis (kg/h) and the energy required

to be applied to the electrolytic cell (kW).

Data: Kp 5
ðCO2ÞðH2Þ
ðCOÞðH2OÞ

5 e

2073

TðKÞ22:029

� �

P5.9. A purified CO2 stream from a thermal plant is to be reused for the

production of hydrogen from CH4. The methane and the CO2 are fed at

25�C, while the gases exit at 600�C. Compute the amount of methane

per mol of hydrogen produced considering an adiabatic reforming

process and assuming 100% methane conversion. Determine the

fraction of methane used to provide the required energy for the

reaction.

P5.10. Methane is autoreformed adiabatically with oxygen and steam. The

methane and the oxygen are fed at 25�C. The steam is fed at 233�C. The
exit gas contains CO, CO2, and hydrogen. The temperature is 600�C and

the ratio of H2O vap/O2 fed is equal to 2. Determine the amount of

water and oxygen required to perform the autorefoming of methane and

the composition of the product gas.

P5.11. Methanol is produced using hydrogen and CO. The feed gas comes from

the partial oxidation of hydrocarbons. The molar composition is given in

dry basis in Table P5.11.

1. This gas is to be processed to obtain a hydrogen-to-CO ratio of 2. A

fraction of the feed is bypassed. The rest is subjected to WGS adding

steam. The stream contains 1.6% moles of CO. Determine the

fraction of the gas being bypassed.

2. Next, CO2 is removed to obtain the syngas. Compute the moles of

CO2 removed from the raw syngas per 100 moles of initial gas.

3. Finally, in a third stage, the syngas produces methanol. Assume

90% conversion; the methanol is recovered. Determine the

composition of the unreacted gases and the volume to produce

100 kmol of methanol.

Table P5.11 Molar Composition of Syngas

H2 CO CO2 CH4 N2

45.8% 46.2% 5.0% 0.6% 2.4%
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P5.12. FT diesel is produced using hydrogen and CO. The feed gas comes from

the partial oxidation of hydrocarbons. The molar composition is given in

dry basis in Table P5.12.

1. This gas is to be processed to obtain a hydrogen-to-CO ratio of 2.

A fraction of the feed is bypassed. The rest is subjected to WGS

adding steam. The stream contains 1.6% moles of CO2. Determine

the fraction of the gas being bypassed.

2. Next, CO2 and H2S are removed, as well as the water. Compute

the moles of CO2 removed from the raw syngas per 100 moles of

initial gas.

3. Finally, in a third stage, the syngas produces FT diesel. Determine

the operating temperature to maximize the diesel fraction, assuming

that the product distribution can be predicted using the

Anderson�Schulz�Flory model. Compute the moles of liquid fuels

produced assuming that only the -CH2- synthesis reaction occurs

with 70% conversion.

P5.13. Syngas in stoichiometric proportions (1:3 N2:H2) is fed to the system.

See Fig. P5.3 for the scheme of the synthesis loop. It also contains Ar,

0.2 moles per 100 moles of mixture (N21 3H2). Assuming the

following, determine the purge of the system:

1. The reactor conversion is 25%.

2. Only 75% of the ammonia produced is recovered.

3. The converter can only handle Ar at 2.43 moles per 100 moles of

syngas mixture.

P5.14. The expected increase in hydrogen demand results in the development of

propane steam reforming. In the furnace, two main reactions take place,

the steam reforming and the WGS:

C3H8ðgÞ 1 3H2OðgÞ-3COðgÞ 1 7H2ðgÞ

COðgÞ 1H2OðgÞ-CO2ðgÞ 1H2ðgÞ

The reforming reaction takes place over Ni catalyst in the tubes of

the furnace. The feed consists of a mixture of steam and propane with a

Table P5.12 Molar Composition of Syngas

H2 CO CO2 CH4 H2S

45.8% 46.2% 5.0% 0.6% 2.4%
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molar ratio of 5:1 at 125�C. The products leave the furnace at 800�C.
Assume complete propane conversion.

The reaction is endothermic, and thus energy must be provided. A

hot flue gas with a composition of 22% CO2 and the rest nitrogen is fed

at 1400�C and 1 atm, and exits at 900�C. The flue gas is further used to

produce steam by cooling it down to 250�C. Water is fed at 25�C and

the stream is produced at 125�C and 1 atm. Determine the molar

composition of the gas product and the flue gas required to produce the

steam required by the reforming stage.

P5.15. Methanol is produced using syngas, a mixture (CO1 2 H2) containing

CO2 as an inert impurity. Originally there were 0.25 mol per 100 mol of

syngas. The reactor operates at 25 bar and 232�C. Assume that 90% of

the methanol can be recovered condensing it. No water is produced

since Co-based catalysts are used. The reactor can handle up to 5 moles

of CO2 per 100 moles of syngas. Fig. P5.15 shows the scheme of the

synthesis loop. Determine:

1. The reactor conversion assuming that the equilibrium constant of the

process taking place in the reactor can be computed using the

following equation:

Kp 5
PCH3OH

PCOP
2
H2

5 10ð3921=TðKÞ27:971Ulog10ðTðKÞÞ10:002499UðTðKÞÞ20:0000002953UðTðKÞÞ2110:2Þ

2. The purge fraction.

P5.16. Stream number 2 in the flowsheet above is separated using a flash, the

system between 2 and 4 in the figure. Compute the composition of the

gas and liquid phases if the stream is cooled down to 27�C, maintaining

the reactor pressure.

FIGURE P5.15

Scheme of the methanol synthesis loop.
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P5.17. Stream number 2 in the flowsheet above is separated using a flash, the

system between 2 and 4 in the figure. Compute the cooling temperature

to recover 98% of the methanol produced. Assume that the reactor

pressure is maintained in the flash.

P5.18. A methanation reaction takes place in a multibed, Co-based catalytic

reactor where the WGS does not take place. The reactants are fed with a

hydrogen-to-CO ratio of 6, and the conversion per pass is 75% of the

equilibrium conversion. Determine the temperature of the feed to the

first bed to reach 25% conversion. Data for the equilibrium and the

energy balance:

CO1 3H23CH4 1H2O

KpðkPaÞ5
PCH4

� PH2O

PCO � P3
H2

5 10; 266:76 exp

�
2
26; 830

TðKÞ 130:11

�0
BBB@

1
CCCA

21

ΔHr 5ΔHðCH4Þ1ΔHðH2OÞ2ΔHðCOÞ2 3 �ΔHðH2Þ
cp 5 29

kJ

kmol C

Hint: See Example 7.7.

P5.19. Ammonia synthesis is performed in a multibed catalytic reactor; see

Fig. P5.19. Each bed operates adiabatically and the reactor employs

indirect cooling. Compute the conversion reached after two catalytic

Product
Syngas

FIGURE P5.19

Scheme of the reactor.
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beds if only 50% of the equilibrium conversion is reached. The feed to

the first bed is 400�C, and after each bed the feed is cooled to 400�C.
Total pressure is 300 atm. Data for the equilibrium and the energy

balance:

0:5UN2 1 1:5H23NH3

Kp 5
PNH3

P0:5
N2
UP1:5

H2

log10ðKpÞ5
2250:322

TðKÞ 2 0:854302 1:51049 log10TðKÞ

2 2:589873 1024TðKÞ1 1:48961U1027TðKÞ

ΔHr 5ΔHðNH3Þ52 45; 720 kJ=kmol

cp 5 28:8
kJ

kmol C

Hint: See Example 7.7.

P5.20. A methanation reaction takes place in a multibed Co-based catalytic

reactor where the WGS does not take place. The reactants are fed

at 500�C with a hydrogen-to-CO ratio of 7. After each bed, the

products are cooled to the initial temperature. The pressure of

operation is 500 kPa. Compute the number of beds so that the final

conversion is 75%.

Data for the equilibrium and the energy balance:

CO1 3H23CH4 1H2O

KpðkPaÞ5
PCH4

� PH2O

PCO � P3
H2

5 10; 266:76 exp

2
26; 830

T
130:11

2
4

3
5

0
BBBBB@

1
CCCCCA

21

ΔHr 5ΔHðCH4Þ1ΔHðH2OÞ2ΔHðCOÞ2 3 �ΔHðH2Þ

cp 5 29
kJ

kmol C

Hint: See Example 7.7.

P5.21. Ammonia synthesis is performed in a two-bed catalytic reactor; see

Fig. P5.21. Each bed operates adiabatically and the reactor employs
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direct cooling. The syngas is at 20�C. The heated syngas is fed to the

first bed at 400�C. Total pressure is 300 atm. Determine the fraction of

the syngas that is directly fed to the second bed so that the initial

temperature of all beds is 400�C and there is total conversion.

Data for the equilibrium and the energy balance:

0:5UN2 1 1:5H23NH3

Kp 5
PNH3

P0:5
N2
UP1:5

H2

log10ðKpÞ5
2250:322

TðKÞ 2 0:854302 1:51049 log10TðKÞ

2 2:589873 1024TðKÞ1 1:489613 1027TðKÞ2

ΔHr 5ΔHðNH3Þ52 45; 720 kJ=kmol

cp 5 28:8
kJ

kmol C

Hint: See Example 7.7.

P5.22. An ammonia production plant operates an absorption column with 15

trays. It processes a gas stream of 15 kmol/s with 25% ammonia in

countercurrent flow with water. The flow of water is 20 kmol/s. The

column operates at 10 atm and 25�C to recover 98% of the ammonia.

Calculate the tray efficiency and the excess of liquid flow with respect

to the minimum. Assume that Raoult’s Law holds.

Syngas

Product

FIGURE P5.21

Scheme of the reactor.
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P5.23. An ammonia production facility uses an absorption tower with 10 trays

with an efficiency of 80%. It processes a gas stream of 15 kmol/s, 25%

ammonia with a water stream in countercurrent at 10 atm and 25�C to

recover 98% of the ammonia. Determine the water flow rate and its

excess with respect to the minimum. Assume that Raoult’s Law holds.

P5.24. Captured CO2 with nitrogen is to be used as a carbon source for the

production of methanol (as in the figure). The reaction over Co catalysts

is as follows:

CO2ðgÞ 1 3H2ðgÞ’-CH3OHðgÞ 1H2OðgÞ

PCH3OH


 �
PH2O


 �
PCO2


 �
PH2


 �3 5 e

�
22:2251

9143:6

TðKÞ 27:492 lnðTðKÞÞ4:0763 1023UTðKÞ27:1613 1028UTðKÞ2
�

The feed to the system is in stoichiometric proportions containing

0.5% nitrogen. The reactor operates with syngas in stoichiometric

proportions at 25 atm. It can handle up to 3 moles of nitrogen per

100 mol of syngas (CO21 3H2). A conversion of 20% per pass is

expected. Assuming that 90% of the methanol and all the water

produced are recovered, determine the operating temperature at the

reactor and the purge fraction. Fig. P5.24 shows the synthesis loop.

P5.25. In a methanol production plant the distillation column has 9 trays with

an efficiency of 75% certified by the vendor. We process a mixture of

45% methanol and the rest water. The distillate has a composition of

97% methanol, and the residue 3% methanol. Calculate the reflux ratio

(L/D) if the feed is saturated liquid and the mixture behavior is assumed

to be ideal:

ln ðPvÞ5 A2
B

T ð�CÞ1Cð Þ

� �

FIGURE P5.24

Synthesis loop for methanol production.
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P5.26. In a methanol production plant the distillation column has 12 trays, but

we do not trust the efficiency provided by the vendor. We process a

mixture of 45% methanol and the rest water. The distillate has a

composition of 97% methanol, and the residue 3% methanol. The

column is operated with a reflux ratio (L/D) of 1.75 and the feed is

saturated liquid. Determine the efficiency of the trays assuming ideal

behavior of the mixture.

P5.27. A stream of 40 kmol/s (34.5 bar and 298K) of syngas with 10% CO2 is

processed in a 12-tray absorption column to remove 99.5% of it before

further stages. The equilibrium data for the system CO2�amine is given

in Table P5.27. The L/G ratio is 1.5, the minimum one. Determine the

efficiency of the trays.

P5.28. Repeat Example 5.9 using any commercial process simulator and

compare the results; T reactor (300�C).

P5.29. Simulate the methanol and ammonia synthesis loops using process

simulators. Evaluate the effect of using CO2 as a carbon source instead

of CO.

P5.30. A novel process for the production of hydrogen from propane is being

evaluated. In the fired furnace reformer, two main reactions take place:

C3H8ðgÞ 1 3H2OðgÞ-3COðgÞ 1 7H2ðgÞ

COðgÞ 1H2OðgÞ-CO2ðgÞ 1H2ðgÞ

Propane steam reforming occurs in a reactor whose pipes are

packed with nickel catalyst. The feed to the reactor consists of a

mixture, steam�propane with a molar ratio of 6:1 at 125�C. The

Table P5.27 Equilibrium Data

mol CO2/mol Amine PCO2(Pa)

0.025 65
0.048 197
0.145 1204
0.276 3728
0.327 4815
0.45 8253
0.9 26,325

10 1,480,620
15 2,918,315
20 4,722,992
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products of the reforming stage leave the reactor at 800�C. The
excess of steam assures the complete consumption of propane. The

syngas has a molar ratio of CO-to-CO2 of 5. Determine the fraction

of the initial propane needed to operate the furnace adiabatically, and

the syngas molar composition.

P5.31. Select between the use of a flash or an absorption column to recover

80% of the ammonia in a stream consisting of 211, 70.4, 9.12, and

62.1 kmol/s of H2, N2, Ar, and NH3, respectively. The initial

temperature and pressure are 400�C and 100 bar. For the absorption

column, it operates at 100�C and 100 bar with a liquid flow twice the

minimum and an efficiency of 57% for the stages.

Cost of cooling 1h/kW (cp(kJ/kg K): H25 14; N25 1; Ar5 0.52;

NH35 2.2; λ5 1369 kJ/kg). Recovering ammonia from liquid, 1500h/

(kg/s). Cost of vessels, 25,000h/stage. The flash is 1 stage.

P5.32. Using a process simulator (ie, CHEMCAD), compute the conversion of

a multibed reactor with direct cooling; see Fig. 5.19 for reference. The

feed to the system is 1 kmol/s of N2, 3 kmol/s of H2, 0.2 kmol/s of Ar at

30 MPa and 373K. The reactor consists of three beds, and the first is fed

at 673K. The feed to each of the following beds should be around 673K.

Determine the feed rates of unconverted syngas to each of the beds

assuming that they are at 293K, 30 MPa, and the same composition as

the initial feed.
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CHAPTER

6Nitric acid

6.1 INTRODUCTION
History: Nitric acid was already known by alchemists in the Middle Ages.

However, it was not until the 12th century that its preparation was described

in the “De Inventioni Veritatis.” Nitric acid was produced by distillation of a mix-

ture consisting of 1 g of vitriolum cyprium (CuSO4�5H2O), 1.5 g of potassium

nitrate KNO3, and 0.25 g of potassium alum (KAl(SO4)2�12H2O). It was again

described by Albert the Great in the 13th century and by Ramon Lull, who pre-

pared it by heating niter and clay and called it “eau forte” (aqua fortis). A few

centuries later, in 1776, Lavoisier showed that it contained oxygen. Cavendish, in

1785, was able to produce it by an electric discharge in humid air, proving that it

contained nitrogen and oxygen. Finally, the complete composition was deter-

mined by Gay-Lussac and Bethollet in 1816. The actual use only expanded when

sulfuric acid became commercial.

Production: The industrial process developed by Glauber in 1698 was used for

centuries. It consisted of the distillation of a mixture of potassium nitrate (KNO3)

and sulfuric acid (H2SO4). Potassium nitrate was substituted by NaNO3 (Chile

saltpeter) during the great war. Although it had been produced from NO obtained

in air combustion, the current method based on the catalytic oxidation of ammo-

nia was patented in 1902 by Wilhem Ostwald. Nitric acid must be kept from

light and heat since NO2 gases are produced, giving it a yellow color. The major

world producers are Germany, France, the United Kingdom, Belgium, Canada,

and Spain (Ortuño, 1999).

Uses: In 2013 fertilizers used 80% of the total nitric acid produced.

Among them, 96% was ammonium nitrate. Nonfertilizer use represents around

20%. The main products are nitrobenzene (3.6%), dinitrotoluene (2.8%), adipic

acid (2.7%), and nitrochlorobenzenes (1.8%). The total world production is

around 55 MMt/yr. Fig. 6.1 presents the major products obtained from nitric

acid (Clarke and Mazzafro, 1993).
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6.2 PRODUCTION PROCESSES

6.2.1 FROM NITRATES

In this production process, sodium nitrate and sulfuric acid are mixed in a smelter.

The sodium sulfate obtained remains in the vessel while the nitric acid is distilled.

2NaNO3 1H2SO4-NaSO4 1 2HNO3

Since sulfuric acid is used in excess, up to 60�70% of sodium bisulfate is

also produced. The advantage is that it is easier to handle.

NaNO3 1H2SO4-NaHSO4 1HNO3

Furthermore, sodium pyrosulfate is also produced. This chemical is undesirable

because it is a foaming agent that requires large vessels to contain it.

2NaHSO4-Na2S2O7 1H2O

In the distillation, impurities such as HCl and nitrosyl chloride are removed first.

6.2.2 AIR AS RAW MATERIAL

The advantage that this method exploits is its cheap and widely available raw

material: air. However, it exhibits a major drawback too—the large amount of

energy required, which is provided by an electric arc. Therefore, although the

method is technically interesting, it has not been developed industrially due to

its high cost. The Nernst equation can provide an estimate of the production of

NO as a function of the working temperature (see Table 6.1). The Birkeland and

Eyde electric arc was installed in Norway in 1905 and was operated for 35 years.

The energy consumption added up to 14,000�17,000 kWh per ton of nitric acid

produced.

FIGURE 6.1

Major products from nitric acid.
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6.2.3 AMMONIA-BASED PROCESSES

In 1839, a German technical chemist named Kuhlman discovered the role of plati-

num in the oxidation of ammonia. He predicted its commercial application, but at

that time there was no commercial necessity. As the demand for fertilizers and

explosives increased, the Germans realized that local production of nitric acid

was a need. The first plant based on the Ostwald process was allocated in

Westphalia, Germany, in 1909. Soon after, in 1918, the first one in England

started its production. The process itself consists of five stages:

1. Oxidation of NH3 to NO (catalyzed with platinum). The high cost of ammonia

and platinum requires a high conversion of the reaction.

2. Oxidation of NO to NO2 (no catalyst). It is a slow reaction.

3. Absorption of NOx in water for the production of nitric acid. There is also

a reduction of NO2 to NO. In the column both absorption and reaction

take place.

4. Tail gas purification. This stream is also used as a cooling agent.

5. Removal of NOx from the nitric acid, ie, bleaching.

6.2.3.1 Process description
Nitric acid production processes are classified by their operating pressure. Apart from

early designs that worked at atmospheric pressure, currently they work at medium

(1.7�6.5 bar), high (6.5�13 bar), or dual pressure. These processes try to make the

most of the chemical principles governing the operations. Oxidation, as will be

explained later, is favored at lower pressure, while the absorption of a gas in water

has higher yield at high pressure. Dual process can work at low�medium pressure so

that the oxidation occurs below 1.7 bar and the absorption from 1.7 to 6.5, or

medium�high pressure, in which case the oxidation occurs from 1.7 to 6.5 bar while

the absorption takes place at 6.5�13 bar (Ray and Johnson, 1989, MMAMRM,

2009). Table 6.2 shows typical operating parameters used in industry.

In Table 6.3, examples of industrial process plants recently built are shown

with the company that runs them and the main operating conditions. We see that

by operating at constant pressure we rarely go beyond a concentration of 65%.

Somehow, the advantage achieved by operating at the optimal conditions for one

of the stages, ammonia oxidation or NO2 absorption, mitigates the performance

loss in the second one. However, dual pressure optimizes the operation, reaching

concentrations around 68%.

Based on the information on real processes presented in the tables above, the

different operating modes and the corresponding flowsheets will be described below.

Table 6.1 NO Produced Using an Electric Arc

T (�C) 1227 1427 1527 1827 2027 2227 2427 2627 2927
%NO 0.10 0.23 0.46 0.79 1.23 1.79 2.44 3.18 4.39
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Table 6.2 Typical Operating Parameters of Different Basic Processes
(Thyssenkrupp Uhde, 2015)

Plant Type (per t of HNO3)
Medium
Pressure

High
Pressure

Dual
Pressure

Operating pressure (bar) 5.8 10 4.6/12 bar
Ammonia (kg) 284 286.0 282.0
Electric power (kWh) 9.0 13.0 8.5
Platinum (primary losses (g)) 0.15 0.26 0.13
With recovery (g) 0.04 0.08 0.03
Cooling water (ΔT5 10 K) (t) 100 130 105
Process water (t) 0.3 0.3 0.3
LP heating steam, 8 bar, saturated (t) 0.05 0.20 0.05
HP excess steam, 40 bar, 450�C (t) 0.76 0.55 0.65
N2 yield (%) 95.7 94.5 .96
HNO3 conc. (%) Max. 65 Max. 67 .68
Tail gas (ppm) 500 200 150

Table 6.3 New Plant Operating Conditions (Thyssenkrupp Uhde, 2015)

Year Company Location

NH3

Oxidation
Pressure
(bar)

Absorption
Pressure
(bar)

Acid
Concentration
%

Capacity
mtpd
100%

2005 Rashtriya
Chemicals and
Ferlilizers Ltd.

India 7.5 7.5 60 352

2003 Namhae
Chemical
Corporation

Korea 4.6 12 67 1150

2001 BP Koln GmbG Germany 4.6 12 68.25 1500
2001 Radice Chimica

GmbH
Germany 10 10 65 250

2001 ACE
Pressureweld

Singapore 4.4 4.4 60 12

2000 Queensland
Nitrates Pty
Ltd.

Australia 10 10 60 405

1999 Enaex SA Chile 10 10 60 925
1999 Namhae

Chemical
Corporation

Korea 10 10 65 300

1998 SKW
Stickstoffwerke
Piesteritz
GmbH

Germany 5.6 5.6 62 500

1998 CF Industries
Inc.

United
States

4.6 11 57.5 870
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Some medium-pressure process examples are Montecatini (1.7�5 atm),

Chemico (4�4.5 atm), Stamicarbon (4.5 atm), and Uhde (4.5 atm). The main

advantage of these processes is the reduced consumption of catalyst. Furthermore,

the energy consumption is lower, as well as the risk that explosive mixtures

will be formed. However, the construction materials are expensive, and typically

the acid concentration is lower, requiring distillation. Note that the azeotrope

water�nitric acid occurs at 68% concentration. This method is appropriate when

nitric acid is to be devoted to fertilizer production.

Fig. 6.2 shows Uhde’s medium-pressure process flowsheet. Ammonia is

evaporated and filtrated. On the other hand, the air to be used in the combustion

is purified using a two- or even three-step filtration system. The filters are

expected to remove all the particles in the ammonia and air streams to avoid

interferences with the catalyst during the oxidation of NH3. Next, the flow is

pressurized. The air stream is split in two. One stream is sent to the catalytic

converter, the other to the bleaching section of the absorption column.

FIGURE 6.2

Medium-pressure process.

1. Reactor; 2. Process gas cooler; 3. Tail gas heater 3; 4. Economizer; 5. Cooler

condenser and feed water preheater; 6. Absorption; 7. Bleacher; 8. Tail gas heaters 1 & 2;

9. Tail gas reactor; 10. Ammonia evaporator & superheater; 11. Turbine steam condenser.

With permission from Thyssenkrupp Uhde, 2015. http://www.thyssenkrupp-industrial-solutions.com/

fileadmin/documents-/brochures/uhde_brochures_pdf_en_4.pdf.
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The first air stream is mixed with ammonia in a ratio of 10:1, with careful

consideration to avoid an explosive mixture composition. The mixture can be

filtered again. Next, NH3 reacts with air over the catalysts. The reaction, which is

in fact an equilibrium that produces nitric oxide and water, is as follows:

4NH3 1 5O224NO1 6H2O

Apart from this main reaction, nitrogen and nitrous oxide (N2O) can also be

produced, as given by the reactions below:

4 NH3 1 3 O222 N2 1 6 H2O

4 NH3 1 4 O222 N2O1 6 H2O

The objective is to optimize the oxidation stage so that the main product is

NO, reducing the concentration of undesired products such as N2O. To achieve

this, the proper pressure, temperature, and NH3/air ratio should be used.

The typical feed ratio is from 9.5% to 10.5% of ammonia. Furthermore, the con-

version of the reaction to NO depends on pressure and temperature, as shown in

Table 6.4 (European Commission, 2009). Table 6.4 also illustrates that low

pressure and a temperature of 750�900�C are the optimal operating conditions

to achieve high conversions. The reaction is carried out in the presence of a

metal mesh made of 90% platinum, using rhodium for better mechanical resis-

tance. Sometimes palladium is also added.

The reaction is highly exothermic, and the product stream is used to pro-

duce steam and/or to heat up the tail gas. After this cooling step, the product

gas is between 100�C and 200�C, and it is further cooled down with water.

The water generated in the oxidation condenses in a cooler�condenser unit,

and it is later transferred to the absorption column. Nitric oxide is filtered to

remove platinum particles, and it is oxidized to nitrogen dioxide as the gases

are cooled down to 45�50�C in the absence of any catalyst following the

reaction:

2NO1O222NO22N2O4

It is a homogenous process that depends on the working pressure and tempera-

ture. High pressure and low temperature are the best operating conditions.

The absorption column is fed using demineralized water and condensed steam,

Table 6.4 Ammonia Conversion as Function of Pressure and Temperature

Pressure (bar) Temperature (�C) % NO

,1.7 810�850 97
1.7�6.5 850�900 96
.6.5 900�940 95
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or process condensate. The weak acid solution (around 43%) generated in the

refrigeration of the product gas is also fed to the column. The NO2 is put into

countercurrent contact with water in the tower, producing HNO3 and NO:

3NO2 1H2O22HNO3 1NO

Secondary air is fed to oxidize the NO produced. The oxidation and absorption

of NO is carried out in the liquid and gas phases, respectively. In the trays the

absorption takes place while the oxidation occurs in-between trays. High pressure

and low temperature favor these reactions. The tower is typically 2 m in diameter

and 46 m high, with 49 trays.

The process that takes place in the absorption tower is highly exothermic

and requires continuous cooling. The nitric acid produced contains dissolved

NO2 and therefore has to be bleached using secondary air. The NO2 is stripped

out from the nitric acid and later reused. Typically the nitric acid produced is a

solution with 55�70% acid, depending on the tower design and the operating

conditions. The unabsorbed gases, or tail gas (at 20�30�C), exit from the top

of the column. They are heated up using the excess energy generated in the

oxidation of NO to NO2. Heat integration is therefore included in process

design. The hot tail gas is then processed to reduce the NOx content. A fraction

of the feed of ammonia is used as per the reactions bellow so as to decompose

the nitrogen oxides.

4NO1 4NH3 1O2-4N2 1 6H2O

3NO2 1 4NH3-ð7=2ÞN2 1 6H2O

Next, tail gas is expanded in a turbine to recover part of the energy�power

integration. The tail gas, typically over 100�C to avoid precipitation of ammonium

nitrate and ammonium nitrite, is sent to a chimney.

In general, high-pressure processes are characterized by high catalyst,

energy, and water consumption. The advantage is the smaller size of the

equipment and the higher nitric acid concentration. Typically, these processes

are better-suited when the acid is used in the production of explosives. Fig. 6.3

shows the flowsheet, which is similar to the previous one. The higher pressure

requires the use of interstage cooling between compressors. Some examples are

Dupont de Nemour (8�9 atm), Chemico (10�12 atm), Weathey (10�12 atm),

and Uhde (12 bar).

Analyzing the principles of operation of various processes, it is clear that

ammonia oxidation achieves higher yields at low pressures while the absorption

of NO2 in water is favored at high pressure. Therefore new plants use a dual-

pressure process by adding a compression stage between the oxidation of the

ammonia and the condenser. Typically, an external bleacher is used to strip

out the NO2 dissolved in the nitric acid produced. Fig. 6.4 shows a flowsheet for

a dual process.
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Following the production of nitric acid, its concentration ranges from 60% to

70%, depending on the process conditions. This concentration is not enough for

certain applications. There are two methods for obtaining a concentrated acid:

direct and indirect.

Direct methods are based on the production of liquid N2O4, which is then

reacted with oxygen and water under pressure to produce HNO3:

2N2O4 1O2 1 2H2O-4HNO3

To produce N2O4, NO from the converter at low pressure is oxidized to NO2

via oxidation and postoxidation steps. Next, the NO2 is purified with concen-

trated nitric acid from the absorption stage, process condensate, and weak nitric

acid from the final absorption. Subsequently, the NO2 or the N2O4 are separated

FIGURE 6.3

High-pressure process.

1. Reactor; 2. Process gas cooler; 3. Tail gas heater 3; 4. Economizer; 5. Cooler

condenser and feed water preheater; 6. Absorption; 7. Bleacher; 8. Tail gas heaters 1 & 2;

9. Tail gas reactor; 10. Ammonia evaporator & superheater; 11. Turbine steam condenser;

12. Air intercooler.

With permission from Thyssenkrupp Uhde, 2015. http://www.thyssenkrupp-industrial-solutions.com/

fileadmin/documents-/brochures/uhde_brochures_pdf_en_4.pdf.
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from the concentrated acid by bleaching and are then condensed. The most chal-

lenging stage is the production of liquid nitrogen dioxide. It can be either

obtained by condensing NO2 under pressure or by absorption on nitric acid.

Then the reaction presented above is carried out, but instead of using water,

nitric acid from the final absorption stage is used in a reactor at 50 bar and

75�C. A part is already a product, while the rest is recycled to absorption

and final oxidation.

The residual gas from absorption can be discharged to the atmosphere, pro-

viding the NOx concentration is within legal limits. Typically, condensates

containing nitric acid are recycled within the process, otherwise they are

processed as wastes.

Indirect methods are based on the extractive distillation of weak nitric

acid (with sulfuric acid, for example). In Fig. 6.5 a phase diagram of the water�
nitric acid system is presented. It shows a maximum boiling point azeotrope at

around 68% weight fraction. Therefore, a dehydrating agent such as sulfuric

acid or a solution of magnesium nitrate (Mg(NO3)2) can be used. Fig. 6.6

shows that if a solution of sulfuric acid with a concentration over 50% is used,

the azeotrope disappears. Typically, sulfuric acid at 60% is used. Thus the

nitric acid with a concentration of 55�65% is distilled with sulfuric acid.

The liquid is fed from the top and flows countercurrently to the vapors that
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  1 Air condenser
  2 Reactor
  3 Tailgas heater 3
  4 Economizer
  5 Cooler condenser 1
     and feedwater preheater
  6 Tailgas heater 2
  7 Cooler condenser 2
  8 Absorption
  9 Tailgas heater 1
10 Tailgas reactor
11 Steam acid heater
12 Bleacher
13 Ammonia evaporation
     and superheating
14 Ammonia evaporation

FIGURE 6.4

Dual-pressure process.

With permission from Thyssenkrupp Uhde, 2015. http://www.thyssenkrupp-industrial-solutions.com/

fileadmin/documents-/brochures/uhde_brochures_pdf_en_4.pdf.

3076.2 Production Processes



FIGURE 6.6

Extractive distillation scheme for concentrated nitric acid production.
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FIGURE 6.5

Phase diagram for nitric acid extractive distillation.
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rise. Nitric acid in the vapor phase exits from the top of the column with a

concentration of 99%. The impurities consist of small amounts of NO2 and O2.

To purify the nitric acid, it is fed into a bleacher system to remove the dis-

solved NOx. The vapors are hereby condensed and treated in countercurrent

with the air. The air and the NOx are sent to an absorption column where the

NO is oxidized with secondary air to produce NO2 that is later recovered as a

weak acid. The unreacted gases are released to the atmosphere. Tail gases are

treated in a wet scrubber to remove the NOx using alkali solutions, or by means

of molecular sieves that catalyze the oxidation of NO to NO2 and later adsorb

NO2 to be recycled to the absorber. Fig. 6.6 shows a scheme of the flowsheet

described above.

In the extractive column an equilibrium among water, nitric acid, and sulfuric

acid takes place. Fig. 6.7 shows the triangular diagram for the nitric acid�sulfuric

acid�water system including the azeotrope. We illustrate the operation of this

column in Example 6.1.

FIGURE 6.7

Triangular diagram nitric acid�sulfuric acid�water system (1 atm).
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EXAMPLE 6.1

Nitric acid at 65% is produced from a medium-pressure process. Compute

the sulfuric acid required (99%) to concentrate 10 kg/s of nitric acid up to

98.5%. Sulfuric acid at 80% by weight leaves the system. Determine the

flows of the streams exiting the tower.

Solution
A mass balance to water can be performed as follows:

mwater;HNO3ini 1mwater;H2SO4ini 5mwater;HNO3 ;fin 1mwater;H2SO4 ;fin

0:35 �101 mH2SO4

0:99
� 0:015 mHNO3

0:985
� ð12 0:985Þ1 mH2SO4

0:8
� 0:2

mH2SO4
5 14:2 kg=s

The composition of the streams that cross in the rectifying section

can be computed by aligning the point difference, Δ, to the tangent to the

equilibrium line of 98.5% (Fig. 6E1.1):

S25Að10Þ A2 S3

S22 S3
5 10ð6:6=1:8Þ5 36:7 kg=s

FIGURE 6E1.1

Feed tray scheme.
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The nitric vapors are computed as follows (Fig. 6E1.2):

N25 S2
S22Δ
N22Δ

5 36:7ð9:3=12:6Þ5 20:5 kg=s

6.2.3.2 Process analysis
6.2.3.2.1 Ammonia oxidation

Reaction and equilibrium. Fig. 6.8 shows a scheme of the converter with the

sponge of platinum catalyst and heat recovery regions. The reaction that takes

place is the following:

NH3 1
5

4
O2-NO1

3

2
H2O ΔH5254 kcal=mol

FIGURE 6E1.2

Extractive distillation.
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Le Chatelier’s principle suggests that low pressures and temperatures favor

the conversion of NH3 to NO. However, kinetics suggest higher operating

temperatures. Temperatures below 400�C do not allow oxygen fixing, and there-

fore there is no reaction. If the temperature is over 600�C, the rate is diffusion-

controlled. The oxygen is fixed to the catalyst and reacts. Over 1000�C, too much

oxygen is absorbed and the reaction rate decreases. Apart from the main reaction,

NO decomposition may also occur:

NO-
1

2
N2 1

1

2
O2

The effect of temperature, pressure, and feed composition on the conversion

can be seen in Fig. 6.9. The lower the pressure and the higher the oxygen-to-

ammonia ratio, the higher the conversion. However, an optimum can be found

due to the fact that low temperatures do not allow oxygen fixing. A higher operat-

ing temperature produces more nitrogen and N2O. Over 950
�C, the catalyst losses

increase, mainly due to vaporization. N2O is unstable at 850�950�C, and it

is partially reduced to nitrogen and oxygen. Larger contact times and higher

temperatures favor this reaction. The reaction temperature is directly related to

the ratio of ammonia-to-air so that a 1% increment in ammonia results in

an increase of 68�C. Finally, the use of air instead of oxygen improves the

temperature control.

FIGURE 6.8

Ammonia converter.
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Factors that affect catalyst losses
• Temperature and thermal shocks: Catalyst losses increase exponentially with

temperature from 0.2% at 720�C to 1% at 880�C. At the same temperature,

the richer the gas in ammonia, the lower the catalyst losses. Start-up and

shutdown create temperature gradients that may result in catalyst structural

breakage.

• Catalyst composition: The addition of rhodium to the catalyst (up to 10%)

reduces catalyst losses with temperature. While at 720�C 0.2% losses are

reported, at 880�C no more than 0.5% losses are expected. Above 10% of

rhodium, the catalyst becomes fragile, increasing the losses. Typical platinum

losses are on the order of 0.12 g/t of nitric acid produced, and the ammonia

FIGURE 6.9

Effect of pressure and temperature and feed composition on ammonia conversion and

NO formation.
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conversion reaches a maximum for around 10�20% rhodium concentration.

Palladium can also be added to the catalyst (up to 4%).

• Pressure effect: Platinum losses increase five times when the pressure

increases from 1 to 8 atm.

• Number of meshes and relative position: The most characteristic parameters

that define a mesh are the number of threads, thread diameters, meshes per

square centimeter, surface, and free surface. Fig. 6.10 shows the pictures taken

with an electronic microscope of the initial stage and when it was activated.

The threads have 0.06�0.09 mm of diameter, and there are typically 1024

meshes per square centimeter. Meshes allocated to the exit are the most

affected. Currently, for structural purposes, some meshes are substituted by

stainless steel or alloys, but the yield of the converter decreases.

Explosion limit for ammonia�oxygen mixtures. Ammonia and air can produce

explosive mixtures for certain ammonia concentrations. The value is sensitive to

pressure. Fig. 6.11 shows the mixtures with explosive composition at 900�C, and
Table 6.5 presents the typical mixtures used and the explosion limits at different

pressures. For security reasons no more than 11% ammonia in air is fed to the

converter. Typically for a low-pressure operation, a 10.8% volume is set.

The ratio of O2 to ammonia should be around 2.

Reaction kinetics and mechanism. In the reactor, a number of reactions take

place, from the decomposition of the ammonia to produce nitrogen and hydrogen,

to the production of water if the ammonia reacts with the NO. NO can also

FIGURE 6.10

Platinum meshes.

From Thiemann, M., Scheibler, E., Wiegand, K.W., 1998. Nitric acid, nitrous acid, and nitrogen oxides.

ULLMANN’S “Encyclopedia of Industrial Chemistry,” Wiley-VCH, Weinheim, Thiemann et al. (1998)

with permission. http//dx.doi.org/10.1002/14356007.a17_293d Copyright © 2002 by Wiley-VCH

Verlag GmbH & Co. KGaA.
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decompose to nitrogen and hydrogen, and water is formed from the hydrogen and

oxygen in the mixture:

NH3-
1

2
N2 1

3

2
H2

NH3 1
5

4
O2-NO1

3

2
H2O-

O2-2O�

NH31O�-NH2OH

NH2OH-NH�1H2O

NH�1O2-HNO2

HNO2-NO1OH�

2OH�-H2O1O�

8>>>>>>><
>>>>>>>:

NH3 1
3

2
NO-

5

4
N2 1

3

2
H2O

NO-
1

2
N2 1

1

2
O2

H2 1
1

2
O2-H2O (6.1)

FIGURE 6.11

Explosion limits.

Table 6.5 Explosion Limits and Typical Mixture Compositions

Pressure (atm) % NH3 Air (O2/NH3)moles

1.0 13.5 1.35
5.0 12.0 1.54
7.0 11.5 1.62
10.0 10.8 1.73
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The actual rate for the production of NO is given in (moles/cm2 s) (Hickman and

Schmidt, 1991):

2rNH3
5

2:1U1016 � expð10850=TðKÞÞPNH3
ðmmHgÞ � PO2

ðmmHgÞ
11 4:0 � 1025 � expð12750=TðKÞÞPNH3

ðmmHgÞ (6.2)

The reaction is so fast that it is limited by external mass transfer. Gauze reac-

tors are used, and the reaction takes place on the surface of the wires. The kinet-

ics can be simplified as proposed by Apelbaum, Temkim, and Viwump (Wallas,

1959):

2rNH3
5 qCNH3

5
kβCNH3

k1β
(6.3)

For temperatures below 500�C; β... k; 2 r5 kCNH3
(6.4)

For temperatures above 600�C; k... β; 2 r5 βCNH3
(6.5)

As presented before, temperatures from 600�C to 900�C are common in

industrial practice, and therefore the second approximation holds. The design of

such reactors is carried out as presented below (Harriott, 2003). Assuming that

the gas flow does not change much along the reactor:

2rNH3
5 βCNH3

5 uo
dCNH3

da
5 uo

dCNH3

a0Udn
(6.6)

n is the number of gauzes, a0 is the external area of one gauze per unit cross sec-

tion, and uo is the velocity of the gas. For a gauze with square openings:

a0 5 2πNd (6.7)

where N is the number of wires per unit length and d is the wire diameter.

The conversion, X, of the reactor becomes:

ln
CNH3;o

CNH3

� �
5 ln

1

12X

� �
5

βa0n
uo

(6.8)

β5 jD;γ
uo

γ
1

Sc2=3
5 0:644ðReÞ20:57 uo

ð12NdÞ2
1

Sc2=3

Re5
dUuoUρ

ð12NdÞ2μ 5
dUuoUρ

ð12NdÞ2μ

Sc5
μ

ρDNH3

(6.9)

where μ and ρ, are the viscosity and density of the gas, respectively, and DNH3
is

the diffusivity.
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EXAMPLE 6.2

Determine the temperature of the gases exiting the converter. Assume that

the ammonia mixture is fed at 65.5�C, the reactor operates adiabatically,

and 90% conversion is reached. Neglect secondary reactions.

a. Stoichiometric air is used.

b. 10% air excess with respect to the stoichiometric one is used.

c. Pure oxygen is fed.

Solution
The reaction that takes place is as follows:

NH3 1
5

4
O2.NO1

3

2
H2O

In this example the data related to heat capacities and formation enthal-

pies are presented in the appendix.

a. For stoichiometric air we formulate a mass and energy balance assum-

ing a reference temperature of 25�C:

QinðflowÞ 1Qgenerated 5QoutðflowÞ

P
mi

ðTin
Tref

cp;idT1Qgenerated 5
X

mi

ðTout
Tref

cp;idT

We need to solve a four-degree polynomial on temperature.

Table 6E2.1 show the results of the mass and energy balance. The out-

let temperature is 1164 K.

Table 6E2.1 Results for Case Study A

In Out

kmol kg Qf(kcal) kmol kg Qf(kcal) Qr(kcal)

N2 4.7 131.6 1331.68547 4.7 131.6 30,243.7232

O2 1.25 40 366.917421 0.125 4 1143.13708

H2O 0 0 1.35 24.3 10,642.232 278,027.3

NO 0 0 0.9 27 6016.39115 19,440

NH3 1 17 352.082501 0.1 4.6 2728.50194 9864

Temp 338.6 1163.97265

Q 2050.68539 50,773.9854 248,723.3

Qin1Qgenerated Qout5

550,773.9854 50,773.9854
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b. For 10% excess of air the gas exit temperature is 1107 K, see Table

6E2.2, lower than before since the air has to be heated up, and therefore

the gas absorbs part of the generated energy.

c. For the pure oxygen case, no nitrogen is present and all the energy

produced in the reaction is carried by the product gas. Thus the exit

temperature would be 2096 K.

6.2.3.2.2 NO oxidation to NO2

The reaction is an equilibrium that is exothermic towards NO2 and very slow.

While the NO is colorless, the NO2 is yellow.

2NO1O222NO2 ΔH5227:3 kcal=mol

The equilibrium constant is given as Eq. (6.10):

PNO2
5 yNO2

P

PNO 5 yNOP.KpPT 5
y2NO2

yO2
y2NO

PO2
5 yO2

P

(6.10)

In Table 6.6, some representative values of the equilibrium constant can

be found. For low temperatures (below 200�C), almost 100% conversion can be

reached. High pressure is also recommended.

The reaction kinetics is given by the following expression:

r5 k1

�
P2
NOPO2

2
1

Kp

P2
NO2

�
(6.11a)

Table 6E2.2 Results for Case Study B

In Out

kmol kg Qf(kcal) kmol kg Qf(kcal) Qr(kcal)

N2 5.17 144.76 1464.85401 5.17 144.76 30,927.8436

O2 1.375 44 403.609163 0.25 8 2060.48012

H2O 0 0 1.35 24.3 9854.66725 278,027.3

NO 0 0 0.9 27 5590.22948 19,440

NH3 1 17 352.082501 0.1 4.6 2510.62525 9864

Temp 338.6 1107

Q 2220.54568 50,943.8457 248,723.3

Qin1Qgenerated Qout5

5 50,943.8457 50,943.8457
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At low temperatures, based on the equilibrium shown above we have:

r5 k1ðP2
NOPO2

Þ (6.11b)

where the kinetic constant, according to Bodenstein (1922), is the following:

log10 k1 5
641

T
2 0:725 (6.12)

To illustrate the rate of the reaction, assuming a batch reactor for the sake of

argument, we compute the time required to achieve a certain conversion.

Example 6.6 provides a plug flow reactor example. For now, assuming ideal

gases:

PV5 nRT.P5 n
RT

V
(6.13)

For constant temperature and volume, P is directly proportional to the number

of moles:

ðnO2
Þini 5 ðnO2

Þfin 1 0:5ðnNO2
Þfin (6.14)

ðPO2
Þini5ðPO2

Þfin10:5ðPNO2
Þfin.ðPO2

Þfin5ðPO2
Þini20:5ðPNO2

Þfin (6.15)

ðPNOÞini5ðPNOÞfin1ðPNO2
Þfin.ðPNOÞfin5ðPNOÞini2ðPNO2

Þfin (6.16)

We define the conversion as Eq. (6.17):

X5ðPNO2
Þt=ðPNOÞini (6.17)

Thus the reaction kinetics are as follows:

r5
dPNO2

dt
5

dPc

dt
5 k1ððPNOÞini2ðPNO2

ÞtÞ2 ðPO2
Þini 2 0:5ðPNO2

Þt
� �

r5 ðPNOÞini
dX

dt
5 k1ððPNOÞini2XðPNOÞiniÞ2 ðPO2

Þini 2 0:5XðPNOÞini
� �

dx

dt
5 k1ðPNOÞinið12XÞ2 ðPO2

Þini20:5XðPNOÞini
� �

(6.18)

t5

ð
dX

k1ðPNOÞinið12XÞ2ððPO2
Þini 2 0:5XðPNOÞiniÞ

t5
2

k1ð2ðPO2
Þini 2 ðPNOÞiniÞ

X

ðPNOÞinið12XÞ 2
1

2ðPO2
Þini 2 ðPNOÞini

ln
2ðPO2

Þini 2 ðPNOÞiniX
2ðPO2

Þinið12XÞ

2
4

3
5

(6.19)

Table 6.6 Equilibrium Constant Values

T (�C) 38 200 400 600 800 1000
Kp 1.03 1011 1.03105 1.03 101 1.03 1021 1.731023 1.23 1023
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EXAMPLE 6.3

Using the equations developed for the reactor kinetics below 200�C, deter-
mine the time required to reach 90% conversion for a reaction mixture of

10% NO, 7% O2, and 83% inert gases operating at:

a. 45�C and 1 atm.

b. 45�C and 10 atm.

Solution
a. PT5 1.0 atm

T 5 45�C-318 K

Pa 5 0:1 � PT 5 0:1 atm

Pb 5 0:07 � PT 5 0:07 atm

x5 0:9

t5148 s

b. PT5 10.0 atm

T 5 45�C-318 K

Pa 5 0:1 � PT 5 1 atm

Pb 5 0:07 � PT 5 0:7 atm

x5 0:9

t5 1:48 s

The time required for the reaction decreases by two orders of magni-

tude when pressure increases by one order of magnitude.

EXAMPLE 6.4

Compute the conversion from NO to NO2 as a function of pressure and

temperature for the following cases using the equilibrium constants shown

in Table 6.6:

a. Only NO and O2 are present and oxygen is in stoichiometric proportion.

b. Assume that oxygen is not in stoichiometric proportions.

c. Assume that there are NO and O2 (but not in stoichiometric proportions),

and that there are inert gases.

d. Plot the equilibrium constant for various pressures from 1 to 8 atm.

Assume that the initial stream consists of 10% NO, 6% O2, and inert.

Solution
Instead of developing each case, a general formulation of the problem

is provided. Next, the general expression is simplified for each case. For the

sake of simplicity, let b be the moles of oxygen, 2a the number of moles of

NO, n the moles of inert gas, and X the conversion of the following reaction:

2NO1O222NO2

320 CHAPTER 6 Nitric acid



Table 6E4.1 presents the mass balance to the species involved in the

equilibrium.

The equilibrium constant can be written as follows:

Kp 5
P2
NO2

P2
NOUPO2

5

�
2UaUX

2Ua1b1n2a �XUPT

�2

�
b2 aUX

2Ua1 b1 n2 a �X UPT

��
2Ua22UaUX

2Ua1b1n2a �XUPT

�2

Kp 5
ð2UaUXÞ2ð2Ua1 b1 n2 aUXÞ
ðb2 aUXÞð2Ua22Ua �XÞ2PT

5
X2½aUð22XÞ1 b1 n�
ðb2 a �XÞð12XÞ2PT

a. Only reactants and no inert (n5 0). Oxygen in stoichiometric

proportion (a5 b). The values for the equilibrium constant in Table 6.6

are correlated to the equation shown below:

Kp 5
X2½aUð22XÞ1 b�
ðb2 aUXÞð12XÞ2PT

Kp 5
X2½ð22XÞ1 1�
ð12XÞð12XÞ2PT

5 10ð21:086U10208UT313:459U10205T223:896U10202T11:218U10Þ

For P5 1 atm, see the results in Fig. 6E4.1.

b. Only reactants and no inert (n5 0), but the oxygen is not in stoichio-

metric proportion (a 6¼ b).

Kp 5
X2½aUð22XÞ1 b�
ðb2 aUXÞð12XÞ2PT

5 10ð21:086�10208UT313:459U10205T223:896U10202T11:218U10Þ

c. Reactants and inert (this is the general case).

Kp 5
P2
NO2

P2
NOUPO2

5
X2½aUð22XÞ1b1n�
ðb2 a �XÞð12XÞ2PT

510ð21:086U10208UT313:459U10205T223:896U10202T11:218U10Þ

Table 6E4.1 Mass Balance to the NO Oxidation Equilibrium

Initial Reacts Equilibrium

NO 2 a 22aX 2Ua2 2UaUX
O2 b 2aX b2 aUX
NO2 2aX 2UaUX
Inert n n
Total 2�a1b1 n 2aX 2Ua1b1 n2 aUX
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d. Particular example with 10% NO, 6% O2, and the rest inert. Compute

the conversion for pressures ranging from 1 to 8 atm. Thus:

2a5 10; n5 84; b5 6

Fig. 6E4.2 shows the effect of pressure and temperature in the conver-

sion. Low temperatures and high pressures are recommended for high

conversions.

FIGURE 6E4.1

Equilibrium curve case a.

FIGURE 6E4.2

Effect of pressure and temperature on the equilibrium NO to NO2.
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6.2.3.2.3 Nitrogen peroxide equilibrium

Although it lacks peroxo bonding, it has typically received that name. It is a quick

reaction, so the equilibrium is assumed to be reached instantaneously:

2NO22N2O4 213:7 kcal=mol of N2O4

The kinetics of the reaction are given by the following expression (Thiemann

et al., 1998):

r5
kr

RT
p2NO2

2
pN2O4

Kp

� �
(6.20)

where the kinetic rate, Kp, is almost independent of the temperature, and equal to

5.73 105 atm21 s21.

The equilibrium constant is computed as given by Eq. (6.21):

Kp 5
PN2O4

P2
NO2

(6.21)

Several expressions can be found for its dependence on temperature, for

instance (Thiemann et al., 1998):

log10
1

Kp

� �
5

22692

T
1 1:75 log10T 1 0:00483T 2 7:144 �1026T213:062 (6.22)

Kp 5 0:698 �1029 exp
6866

T

� �
(6.23)

The equilibrium is driven to the right at low temperature and high pressure.

N2O4 can easily be liquefied, a useful property for its transport. In most cases, the

term equivalent NO2 is used in order to avoid including the dimer in the balances.

It is defined as the NO2 that would be available if all the dimer were decomposed

into NO2:

NO
Equivalent
2 5NNO2 ;eq 5NNO2

12NN2O4
(6.24)

It is also possible that N2O3 is produced. The kinetic reaction and equilibrium

constant are given as:

NO1NO22N2O3 240 kJ=mol

r5
kr

RT
pNO � pNO2

2
pN2O3

Kp

� �
(6.25)

where (Thiemann et al., 1998):

Kp 5
PN2O3

PNO � PNO2

5 65:3 �1029 � exp 4740

T

� �
(6.26)
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EXAMPLE 6.5

Plot the figure for the decomposition of N2O4 into NO2 as a function of

pressure and temperature. Develop the equation for the equilibrium assum-

ing the presence of inert in the gas stream.

Solution
The equilibrium constant is as follows:

2NO22N2O4 Kp 5
PN2O4

P2
NO2

where:

log10
1

Kp

� �
52

2692

T
1 1:75 log10T 1 0:00483UT 2 7:144U1026T213:062

We use as a base for our computations 1 kmol of N2O4.

The mass balance to the equilibrium is presented below. d represents

the dissociation degree for the dimer.

2NO22N2O4 Inters

Initial 0 1 a

Equilibrium 2d 1-d a

The molar fraction of each species and the partial pressure are

computed as follows:

y
eq
N2O4

5
12 d

12 d1 2d1 a
5

12 d

11 d1 a
.P

eq
N2O4

5
12 d

11 d1 a
PT

y
eq
NO2

5
2d

12 d1 2d1 a
5

2d

11 d1 a
.P

eq
NO2

5
2d

11 d1 a
PT

Substituting both into the equilibrium constant equation it becomes:

Kp 5
PN2O4

P2
NO2

5

12 d

11 d1 a
PT

�
2d

11d1a
PT

�2 5
ð12 dÞð11 d1 aÞ

4Ud2UPT

d5
2a1

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
a2 1 4 � ð11 aÞð11 4 � PT � KpÞ

p
2 � ð11 4 � PT � KpÞ

From the definition of equivalent NO2:

%NO2Eq5
2

a1 2
100.a5

2Uð1002%NO2EqÞ
%NO2Eq

NO2Eq5NO2 1 2N2O4 5 2d1 2ð12 dÞ5 2
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For a total pressure of 1 atm, and different equivalent NO2 composi-

tions and temperatures, we compute d. In Fig. 6E5.1 we see that dissocia-

tion increases with temperature and with the amount of equivalent NO2. In

Fig. 6E5.2 we present the effect of pressure. N2O4 dissociation decreases

with pressure, as expected based on Le Chatelier’s principle.

FIGURE 6E5.1

Effect of temperature on dissociation fractions for different equivalent NO2

compositions.

FIGURE 6E5.2

Effect of temperature and pressure on dissociation fractions.
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6.2.3.2.4 Absorption of NOx

Absorption�oxidation towers are used to completely oxidize NO to NO2.

The design of such columns depends on the kinetics. The global reaction that

takes place is the reaction between the NO2 and N2O4 with water to produce

nitric acid and NO. There are reactions in both phases: liquid and gas.

The unit is a tray reactive column with intercooling. Water is fed from the top

and is put in countercurrent contact with the rising stream of nitrogen oxides.

Typically, a stream of 60% nitric acid is produced and exits the column from the

bottom. NO2 is soluble in the product acid. Therefore, a stripping column, work-

ing as a bleacher, is used to remove the NO2 from the liquid product. The model

for the tower can be found in Holma and Sohlo (1979).

Reactions in the liquid phase:

3NO2 1H2O32HNO3 1NO

The gas�liquid equilibrium for a particular tray is computed based on the

equilibrium conditions and the reaction stoichiometries as follows:

3NO2 1H2O32HNO3 1NO

2NO23N2O4

NO1NO2 1H2O32HNO2

where:

5#wðwt%Þ#65

K1ðbar22Þ5 30:08620:0693T2ð0:191723:27U1024TÞw21:227

�
1002w

w2

�

wðwt%Þ#5

K1ðbar22Þ5 31:9620:0693T2ð3:27U1024T 20:4193Þw

(6.27)

K3 5
PN2O4

P2
NO2

5 e

6891:61

T
221:244ðbar21Þ (6.28)

K4 5
P2
HNO2

PNOUPNO2
UPH2O

5 0:185U1026e

4323

T ðbar21Þ (6.29)

As a result:

3
Vn

Vn21

Pn21

Pn

K1p
3
NO2 ;n

1
Vn

Vn21

Pn21

Pn

�
2K3 1

1

2

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
K1K4PH2O;n

p �
p2NO2 ;n

1
Vn

Vn21

Pn21

Pn

PNO2 :n 2 ð3PNO1PNO2
12UK3UP

2
NO2

Þn21 5 0

(6.30)

Reactions between trays:

NO1
1

2
O23NO2

2NO23N2O4

326 CHAPTER 6 Nitric acid



These reactions have been analyzed in a previous section. The first reaction is

slow, and almost irreversible below 150�C. Dimerization is quick; therefore the

equilibrium concentrations between the NO2 and the dimer can be computed with

the equilibrium constant. In this case, inside the reaction tower, the following

expression is used:

K3 5
PN2O4

P2
NO2

5 e

6891:61

T
221:244ðbar21Þ (6.31)

When the oxides rise (as the conversion increases), the partial pressures of the

species decrease, and therefore the residence time should be larger, resulting in a

larger separation between trays. We can assume that space between trays behaves

as a plug flow reactor. The kinetics of the reaction are given by the following

equation:

rNO 5
dPNO

dt
520:2166 expð1399=TÞP

2
NO

PO2

ðbar=sÞ (6.32)

As a result, the global reaction is the following:

3NO2ðgÞ1H2OðlÞ’-2HNO3ðlÞ1NOðgÞ ΔH5272:8 kJ=mol

with an equilibrium constant of this:

Kp 5
PNOP

2
HNO3

P3
NO2

PH2O

.Kp 5K1UK2 5
PNO

P3
NO2

U
P2
HNO3

PH2O

(6.33)

where the pressure for liquids is their vapor pressure; for gases it corresponds to

their partial pressure. Fig. 6.12 shows the vapor pressures of water and nitric acid

as functions of the acid concentration. The value for the equilibrium constant is

provided in the literature, either referred to NO2 or to equivalent NO2:

log10ðKpÞ528:881
1900

T
ðReferred to NO2Þ (6.34)

log10ðKpÞ524:711
787

T
ðReferred to equivalent NO2Þ (6.35)

Another one:

logðKpÞ527:351
2:64

T
ðReferred to equivalent NO2Þ (6.36)

These constants are given referred to gas phase. As the gases react and their

partial pressures decrease, the tray distance required needs to increase. As a

result, the product gases still have nitrogen oxides. Among them, NO2 provides a

yellow color to the nitric acid. Furthermore, if released to the atmosphere, it is

responsible for acid rain. Fig. 6.13 shows the mechanisms of the reactions taking

place inside the column from the gas bulk to the liquid. The dissociation of the

dimer decreases with the concentration of the acid.
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FIGURE 6.13

Mechanism of nitric acid production in the absorption tower.

Nonhebek Gas Purification Processes for Air Pollution Control (1972) with permission.

FIGURE 6.12

Vapor pressures of nitric acid and water as a function of acid concentration and

temperature.

Nonhebek Gas Purification Processes for Air Pollution Control (1972) with permission.
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EXAMPLE 6.6

Determine the distance between the first two trays of an absorption column

assuming that the kinetics are given as:

rNO 520:2166 expð1399=TÞP
2
NO

PO2

ðbar=sÞ

Solution
Assuming an isothermal plug flow reactor between trays we have:

FNO

dX

dV
52rNO

NO1
1

2
O2 1N22NO2 1N2

FAo
FBo

FCo

FAo
ð12XÞ FBo

2
1

2
FAo

X FCo
FAo

X

Θi5
Fio

FAo

FT5FAo

�
ð12XÞ1ΘO2

2
1

2
X1ΘN2

1ΘNO2
1X

�
5FAo

ð11ΘO2
1ΘN2

1ΘNO2
Þ1FAo

δX

δ52
1

2

FT5FTo 1FAo
δX

Assuming ideal gases:

CT 5
FT

v
5

P

RT

CTo 5
FTo

vo
5

Po

RTo

Dividing both:

v5 vo
Po

P

T

To

FT

FTo

5 vo
Po

P

T

To

FTo 1FAo
δX

FTo

5 vo
Po

P

T

To
11

FAo

FTo

δX
� �

Then, the concentration of the species i is as follows:

Ci5
Fi

v
5

Fi

vo
Po

P

T

To

FT

FTo

5CTo

Fi

FT

P

Po

To

T

Ci5CTo

Fi

FTo1FAo
δX

P

Po

To

T
5CTo

FAo
ðΘi1viXÞ

FTo1FAo
δX

P

Po

To

T
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Ci5CTo

FAo

FTo

ðΘi1viXÞ
11 ðFAo

=FTo ÞδX
P

Po

To

T
5CAo

ðΘi1viXÞ
11εX

P

Po

To

T

ε5yAo
δ5ðFAo

=FTo Þδ

Thus the partial pressure of component i is calculated as follows:

Pi 5CiRT 5CAo

To

Po

ðΘi1viXÞ
11εX

R
T

T
UP5PAo

ðΘi1viXÞ
11εX

P

Po

PAo
5CAo

RTo

2rNO52
dPNO

dV
50:2166 expð1399=TÞP

2
NO

PO2

FNO

dX

dV
5 0:2166 expð1399=TÞ

�
PNO

ð12XÞ
11ð2ðFNO=FTo Þ0:5ÞX

�2

PNO

ðPO2
=PNO 2 0:5XÞ

11ð2 ðFNO=FTo Þ0:5ÞX

5 0:2166 expð1399=TÞ PNOð12XÞ2
ðPO2

=PNO20:5XÞ � ð11 ð2ðFNO=FTo Þ0:5ÞXÞ

The MATLAB code for solving the problem is shown below.

For details on how to use MATLAB for reactor modeling we refer the

reader to Martı́n (2014).

[a,b]5ode45(‘TorreOxidaNO’,[0 0.3],[0]);

plot(a,b)
xlabel(‘Height (Z)’)
ylabel(‘x’)

function Reactor 5 TorreOxidaNO(t,x)
%UNTITLED Summary of this function goes here
% Detailed explanation goes here

Temp5301273.15;
Ptotal515;
k150.2166�exp(1399/Temp);
PO2ini50.06�Ptotal;
PNOini50.1�Ptotal;
FNO51; %kmol/s
A51;%m2
Reactor(1,1)5A�(k1/FNO)�PNOini�(12x)^2/( (PO2ini/PNOini20.5�x)�

(1-0.5�x�(PNOini/Ptotal)));

End
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At 15 bar we get more than 90% conversion after 10 cm (Fig. 6E6.1).

EXAMPLE 6.7

Perform the mass and energy balances to a dual-pressure plant of nitric

acid. The feedstock consists of liquid ammonia and enriched air with

oxygen, both at 1.5 atm and 25�C. The ammonia is evaporated and mixed

before entering the converter. Table 6E7.1 shows the feed information.

A two-stage compression with intercooling is used to reach 10 atm.

The compressed gas is cooled down to 30�C from the temperature

exiting the converter. Water condenses, producing nitric acid 3.5% w/w.

This stream is mixed with weak acid to feed the absorption column.

The mass ratio between the liquid and gas phases is 0.25, and the compo-

sition of the liquid is 2.5% in nitric acid w/w before the condensation.

Assume isothermal operation of the columns. The product is nitric acid

60% w/w (Fig. 6E7.1).

FIGURE 6E6.1

Conversion as a function of the tray separation.
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Solution

1 kmolair 5 nO2
13:76nO2

14:76nO2

�
Pv

PT 2Pv

�

nair

12
5 nO2 ;added

nO2 ;total

2
5 nNH3

To evaporate the ammonia, the energy provided to the heat exchanger

is as follows:

QðvaporizationÞ5λ mNH3

The mixture enters the reactor at the same pressure and temperature,

1.5 bar and 25�C. The summary of the mass and energy balances is

presented in Fig. 6E7.2.

The reaction taking place in the converter is as follows:

NH3 1
5

4
O2-NO1

3

2
H2O

FIGURE 6E7.1

Flowsheet for nitric acid production.

Table 6E7.1 Feed Information

T (�C) 25
Pv (mmHg) 23.57
Pt (mmHg) 1140
Humidity 0.35
Rel Air/O2 added 12
Rel O2 total/NH3 2
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As presented in the description of the process, ammonia is expensive,

and so is the platinum. Therefore, a conversion of 100% of ammonia is

assumed. Based on the stoichiometry, we compute the flows of NO, H2O,

oxygen, and nitrogen:

nNH3

			
out

5 nNH3

			
in
ð12XÞ

nNO

			
out

5 nNH3

			
in
ðXÞ

nO2

			
out

5 nO2

			
in
2

5

4
nNH3

			
in
ðXÞ

nH2O

			
out

5 nH2O

			
in
1

3

2
nNH3

			
in
ðXÞ

nN2

			
out

5 nN2

			
in

The temperature of the gases is computed by an adiabatic energy bal-

ance to the reactor where:

QinðflowÞ1Qreaction 5QoutðflowÞ

X
mi

ðTin
Tref

cp;idT1Qreaction 5
X

mi

ðTout
Tref

cp;idT

The summary of the results can be seen in Fig. 6E7.3.

FIGURE 6E7.2

Results of the feed composition.
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The gases are compressed up to 10 atm using a two-stage compression

system with intercooling. The pressure ratio at each compressor is

(P2/P1)
0.55 2.58. Assuming polytropic behavior of the compressors, the

temperature and energy required are computed as follows:

T2 5T1

�
P2

P1

�m

m5
1

2

1:421

1:4

W 5 2T1R
1:4

1:421

��
P2

P1

�m

21

�

Furthermore, the cooling requirements in between the compression stages

so that each compressor receives the gas at the same initial temperature

are as follows:

Q522
X
i

mi

ðTout
Ti

cpdt

During the cooling to 30�C, we assume that the conversion of NO to

NO2 is 100% since it is favored at high pressure and low temperature.

In this condensation, we assume that nitric acid 3.5% by weight is

FIGURE 6E7.3

Results of the converter operation.
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produced with the water that condenses. Furthermore, there is an

equilibrium between the NO2 and the N2O4. The composition of the gas

exiting the cooler is computed in three stages:

1. Determine the gas composition after the oxidation:

NO1
1

2
O2-NO2

nNO

			
out

5 nNO

			
in
ð12XÞ

nNO2

			
out

5 nNO

			
in
ðXÞ

nO2

			
out

5 nO2

			
in
2
1

2
nNO

			
in
ðXÞ

nH2O

			
out

5 nH2O

			
in

nN2

			
out

5 nN2

			
in

2. Compute the amount of HNO3 produced. Although the moment we

have NO2 the equilibrium to N2O4 can be established (as long as nitric

acid is produced), the N2O4 will decompose to provide for the NO2

that has been consumed. Thus, we first compute the acid production.

The stoichiometry of the reaction is as follows:

2NO2 1 H2O1
1

2
O2-2HNO3 ΔHr 52127:28 kJ

During the cooling, there is also water condensation. This water is

the one that is forming the weak nitric acid solution. Thus, the water

remaining in the gas is the humidity that can be handled at 30�C.
The rest condenses. Therefore, the acid produced is computed using the

stoichiometry of the reaction as follows:

%acid 5
nHNO3

UMHNO3

nHNO3
�MHNO3

1MH2O

�
nH2O2 ysat � GAS2

1

2
nHNO3

�

GAS5 nNO2 ;fin 1 nN2 ;fin 1 nO2 ;fin

where

nNO2 ;fin 5 nNO2;ini2 nHNO3

nO2 ;fin 5 nO2
2

1

4
nHNO3

nN2 ;fin 5 nN2 ;ini
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Thus, the amount of water that accompanies the gas is determined as

follows:

mH2O 5
1002%acid

%acid

� �
mHNO3

The energy involved in the water phase change is included in the

global energy balance as:

Qcond 52mH2Oλ

3. Finally, with the gas phase computed in the previous stage, we determine

the equilibrium concentration as the final gas phase to be sent to the

absorption tower,

2NO22N2O4 Kp 5
PN2O4

P2
NO2

where:

log10
1

Kp

� �
52

2692

T
1 1:75 log10T 1 0:00483 � T 2 7:144 �1026T213:062

For the sake of argument, allow y to be the moles of N2O4 and x the

moles of NO2 at equilibrium. Thus the equilibrium constant is given as

follows:

Kp 5

y

nT

PT



x
nT

�2 5
y �nT
PTx2

2y1x5NO2;eq 5 cte

Kp PT;atm


 �
x2 5

�
NO2;eq2x

2

��
nH2

1nO2
1nN2

1 nH2O1x1

�
NO2;eq2x

2

��

nH2
1 nO2

1nN2
1nH2O 5Nini

x5
20:5Nini1

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
ð0:5NiniÞ22 4KpðPT ;atm 1 0:25Þð0:25NO2

2;eq 1 0:5NO2;eqNiniÞ
q

2KpðPT ;atm 1 0:25Þ

The energy involved is computed as (Houghen et al., 1959):

Qref 5
X
i

mi ΔH25
f 1

ðTout
Tref

cp;idT

0
@

1
A2

X
i

mi ΔH25
f 1

ðTin
Tref

cp;idT

0
@

1
A

where

ΔH25
f;HNO3

5ΔH25
f

			
pure

1ΔHsolution

P
ΔHf;productsð25�CÞ5215; 941:257 kcal
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For the products, remember that nitric acid is produced and diluted and

that energy is also involved in that stage. Water leaves partially as liquid

and partially by saturating the gas, thus we have both formation energies

for the different aggregation stages:

P
ΔHf;reactantsð25�CÞ529914:745 kcal

Qin flow511; 891 kcal

Qout flow5 52:5 kcal:

The summary of the compression and cooling stages is presented in

Fig. 6E7.4.

The exit gases are fed to the absorption column. The tower operates at

30�C and 10 atm. The liquid-to-gas mass ratio of operation is 0.25 and the

nitric acid produced has a concentration of 60% by weight. To compute

the mass of liquid added, the gas phase fed to the tower is used as follows

(the liquid fed to the column is nitric acid 2.5%):

Balance HNO3

nHNO3 ;total �MHNO3
5 0:60 � Liqout 5 ðnHNO3 ;ini 1 nHNO3 ;prodÞMHNO3

nHNO3 ;prod 5
0:60 � Liq
MHNO3

2 nHNO3 ;ini

FIGURE 6E7.4

Results of the compression stage and condensation.
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Balance water

ðnH2O;vap1nH2O;liqÞini 5 0:40 �Liqout 1 nH2O;vap 1 0:5 �nHNO3 ;prod

nH2O;vap 5 ðnN2
1 nO2

1 nNO2 ;eqÞ
Pv

PT2Pv

nNO2 ;out 5 nNO2 ;ini t 2 nHNO3 ;prod

nO2 ;out 5 nO2 ;ini2
1

4
nHNO3 ;prod

nN2 ;out 5 nN2 ;ini

Liqini 5 0:25Vini

The gas phase is determined from the coupled balances. Again, the

equilibrium between the NO2 and the N2O4 is to be recomputed after

the production of nitric acid at the pressure and temperature of operation.

The reaction is also highly exothermic, and therefore requires cooling.

2NO2 1 H2O1
1

2
O2-2HNO3

An energy balance to the tower is performed as follows (Sinnot, 1999):

Qref 5
X
i

mi ΔH25
f 1

ðTout
Tref

cp;idT

0
@

1
A2

X
i

mi ΔH25
f 1

ðTin
Tref

cp;idT

0
@

1
A

ΔH25
f;HNO3

5ΔH25
f

			
pure

1ΔHsolution

When computing the energy balance, beware of the different aggrega-

tion stages of water, fact that the solution of the concentrated acid has a

specific heat capacity while the liquid in flow is mostly water and dilution

energies as a function of the concentration (Houghen et al., 1959, Sinnot,

1999):

P
ΔHf;productsð25�CÞ5230097 kcal

P
ΔHf;reactantsð25�CÞ5228513 kcal

Qin; flow5 65 kcal

Qout; flow5 29 kcal:

The summary of the mass and energy balances is given in Fig. 6E7.5.
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6.3 EMISSION CONTROL AND BUILDING ISSUES
NOx species are a hazardous waste responsible for acid rain. Therefore, tail gas

must be properly processed to avoid or reduce those emissions. There are four

typical approaches that nitric acid plants use:

• Improving column performance by careful control of the operating pressure

and temperature.

• Chemical washing using ammonia, lime, or hydrogen peroxide.

• Adsorption in molecular sieves.

FIGURE 6E7.5

Results of the absorption tower (flows in kg, Q in kcal).
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• Catalytic reduction of tail gas using a fuel below the flash point so that

nitrogen oxides decompose over their surface. We can also use ammonia as

reductor. This can happen at different stages:

• Optimization of the oxidation stage.

• Catalytic decomposition of N2O, just after the oxidation.

• Optimization of the absorption stage.

• Combined catalytic reduction of NOx/N2O using ammonia before the tail

gas enters the expansion turbine.

Stainless steel has excellent resistance against weak nitric acid. Those with a

lower concentration of carbon are preferred since they are more resistant to

corrosion in the welding points. However, better quality materials such as high

chromium alloys (20�27%) are needed across the process in sections where the

temperature reaches 900�C, and in points where there is contact with liquid nitric

acid, such as the condenser and the preheater of the tail gas. On the other hand, for

the production of strong nitric acid (98�99% by weight) the most appropriate

materials are aluminum, tantalus, borosilicate glass, silicon molted iron, and high-

silicon stainless steel. Stainless steel is typically used for storage up to 95% weight,

but above that aluminum is required, as long as the temperature is below 38�C.
High-silicon stainless steel (4.7% by weight) is highly resistant to corrosion against

concentrated nitric acid. However, it is not comparatively better than other alloys at

lower concentration. High-silicon melted iron is appropriate for columns and

pumps. Titanium is resistant to strong nitric acid from 65% to 90% and weak acid

below 10%, but stress may be a problem if dealing with concentrations above 90%.

Tantalus, although resistant in a wide range of conditions, is expensive, and its use

is restricted to temperatures close to the nitric acid boiling point.

6.4 PROBLEMS
P6.1. A gas mixture contains nitrogen peroxide at 1 atm. The equivalent NO2 is

30% and the dissociated fraction of N2O4 is equal to 0.4. Determine the

value for Kp in the equilibrium

2NO2’-N2O4

and the temperature of operation. The equation for the equilibrium con-

stant is given as follows:

log10
1

Kp

� �
52

2692

T
1 1:75 log10T 1 0:00483UT

2 7:144U1026T2 1 3:062 T 5½ �K

P6.2. In the production of nitric acid, the oxygen proportion of the air is

increased by mixing atmospheric (humid) air with oxygen so that the

molar ratio between both is 4:1.
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This stream is at 760 mmHg, and before mixing it with ammonia, the

dew point is 11.24�C and the relative humidity is 0.42.

Ammonia is fed to the converter at the same temperature as that of the

rich air. The oxygen fed to the converter is in 20% excess with respect to

the stoichiometry of the reaction:

NH3 1
5

4
O2.NO1

3

2
H2O

Determine:

a. Composition and temperature of the product gases.

b. Maximum concentration of the acid produced if there is not stream

separation and the required oxygen for the oxidation from NO to NO2

is provided.

P6.3. Determine the exit temperature for the product gases of an ammonia

converter. The feed to the converter is 65.6�C, and the conversion is a

function of the final temperature as given in Fig. P6.3. Assume no

secondary reaction, adiabatic operation, and an excess of 10% oxygen

with respect to the stoichiometric one.

NH3 1
5

4
O2.NO1

3

2
H2O

P6.4. Perform the mass and energy balances for the production of HNO3 via

catalytic oxidation of NH3.

Atmospheric air (see Table P6.4.1) is mixed with oxygen so that

the ratio of oxygen to ammonia becomes 2.15. The ratio of air to

added oxygen is 11.5. Assume 1 kmol of atmospheric air for the

calculations.

FIGURE P6.3

Conversion versus temperature for NH3 oxidation.
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The converter is fed at 36.5�C and 699 mmHg. Assume 100%

conversion. Compute the temperature and composition of the gases

exiting the converter assuming adiabatic operation. The gases are

cooled down to 25�C at 699 mmHg. In the process, NO is oxidized to

NO2 with a conversion of 15%. Nitric acid is also produced with a

composition of 3.5%. The gas is next fed to an oxidation tower.

Determine the temperature of the gases exiting the tower assuming

adiabatic operation. The gases are cooled down to 30�C and fed to the

absorption�oxidation tower that operates isothermally. A solution of

nitric acid 2.5% is put into contact with the gas. The L/V mass ratio is

0.2. The product gas is expected to reach 60% concentration. Compute

the flow of acid solution required (Table P6.4.2).

Data:

PvWaterðmmHgÞ5EXP 18:30362
3816:44

227:021TðCÞ

� �

2NO22N2O4 Kp 5
PN2O4

P2
NO2

log10

�
1

Kp

�
52

2692

T
1 1:75 log10T1 0:00483 � T

2 7:144 � 1026T2 1 3:062 T½5 �K; Kp½5�atm21

Table P6.4.1 Feed Data

T air (�C) 15
Ptotal (mmHg) 699
Relative humidity 0.25
Ratio Air/O2 added 11.5
Ratio O2 total/NH3 2.15

Table P6.4.2 Absorption Tower Operating
Data

T in tower (�C) 30
Pt (mmHg) 699
Conc liq abs (%) 2.5
Conc HNO3 prod (%) 60
L/V 0.2
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P6.5. A sphere of 10L is filled with a mixture consisting of 25% NO and the

rest dry air at 20�C and 1 atm. We allow equilibrium to be reached.

Determine:

a. The total final pressure and the partial pressure of the species in the

equilibrium.

b. The total final pressure and the partial pressure of the species in the

equilibrium if the temperature becomes 10�C or 40�C (A.F. Tena).

P6.6. Compute the exit temperature and the gas composition of an oxidation

tower. Assume 100% conversion of NO to NO2. The operating pressure

is 10 atm and the feed properties are given in Table P6.6.

P6.7. Determine the exit temperature for the product gases of an ammonia

converter. The feed to the converter is 65.6�C, and the conversion is a

function of the final temperature as given in Fig. P6.3. Assume no

secondary reaction, and the excess of air to reach 90% conversion:

NH3 1
5

4
O2.NO1

3

2
H2O

P6.8. Determine the time it takes to reach 90% conversion in the production

of NO2 from NO for a range of temperatures from 30�C to 100�C and

1 atm (Table P6.8):

Table P6.6 Feed to the Oxidation Tower

In

kmol kg

N2 0.78357048 21.9399735
O2 0.10798747 3.45559896
H2O 0.00244144 0.04394591
NO 0.11752368 3.52571029
NO2 0.0076061 0.12930368
N2O4 0.00546848 0.34451412
T (K) 293.6
P (atm) 10

Table P6.8 Data for Equilibrium Constant as a Function of
the Temperature

T (�C) 38 200 400 600 800 1000
Kp 1E111 100,000 100 0.1 0.0017 0.0012
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2NOcolorless 1O2-2NO
yellow
2

r5 k1 P2
NOPO2

2
1

Kp

P2
NO2

� �

Ec: Bodenstein.log10 k15
641

T
20:725 T 5½ �K

P6.9. Compute the composition of the HNO3 solution fed to an

absorption�oxidation tower to obtain a concentrated acid at 65%. The

mass ratio L/V is 0.25 and the conversion of the equivalent NO2 is 90%.

The gas stream is fed to the tower at 30�C and 10 atm and the

composition is given in Table P6.9.

Determine the composition of the product gas assuming isothermal

operation.

P6.10. Determine the tray separation required in an absorption-oxidation tower

to reach a conversion of 85% assuming the following reaction rate for

an operating pressure of 15 atm and 30�C. The composition of the feed

is 6% molar of oxygen and 10% molar of NO, and the rest nitrogen.

Assume a flow of NO of 1 kmol/s and an area of 1 m2.

rNO 5
dPNO

dV
520:2166 expð1399=TÞP

2
NO

PO2

ðbar=sÞ
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CHAPTER

7Sulfuric acid

7.1 INTRODUCTION
History: The discovery of sulfuric acid is attributed to the Persian alchemist

Abu-Beskv-Ahhases in the 15th century. However, it was already known long

before, back in the era of Albertus Magnus (1193�1280). During the 15th century

in Germany, sulfuric acid was produced by heating iron(II) sulfate heptahydrated

(green vitriol), which inspired the name “oil of vitriol.” The process was reported

in the 16th century. The properties of the oil were first described in 1570 by

Pornaeius. Later, Johann Van Helmont (c.1580) obtained it via dry distillation of

green vitriol (hydrated iron(II) sulfate, FeSO4�7H2O) and blue vitriol (hydrated

copper(II) sulfate, CuSO4�5 H2O). The chemical basis for the lead chamber

process was introduced by Andrea Libavius in 1595:

S1O2-SO2; SO2 1H2O-H2SO4

The reactor for running this process was developed in Birmingham, England,

in 1746 by John Roebuck. The breakthrough in the production process consisted

of substituting the glass units used before, and increasing the conversion up to

78%. For years this process was improved by recovering the catalyst using

Gay-Lussac and Glover Towers, and increasing the concentration of the product.

By 1831, a patent was issued that described the catalytic oxidation of SO2

over platinum, the contact process. This process made it possible to increase the

reaction yield from 70% to 95%. Although the initial catalyst was platinum,

others were tested. In 1913 BASF was granted a patent for the use of vanadium

(V) oxide (V2O5), which became the catalyst of choice due to its lower cost and

resistance to poisonous species. In 1960 a further evolution was patented by

Bayer for a process involving a double absorption (double catalyst) process.

For years sulfuric acid production has been used as a metric for the industrial

development of a country; it has a global production volume above 150 Mt/yr.

Raw materials: Sulfur-based species are typically used as raw materials for sul-

furic acid production, from sulfur, copper, iron, and zinc sulfides, to industrial gases

like SO2 and H2S. The Claus process can transform these gases into elementary

sulfur as a raw material for sulfuric acid production (see Chapter 5: Syngas).

Sulfides are raw materials for the metals, while sulfur is a byproduct. However, for

iron(II) sulfide, both elements need to be considered as equally important for the

profitability of the process. Pyrite complexes are species that are found together
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with iron sulfide and other sulfides such as those from copper, zinc, and/or lead.

Furthermore, other elements such as copper, selenium, gold, and silver can be

found in small amounts. Table 7.1 shows the typical mass composition of pyrites

and complexes. Finally, other sulfur-based species from refineries can also be used.

In particular, pyrites are an interesting raw material.

Applications: The industrial applications for sulfuric acid are based on two

properties:

• It is a strong acid when in water solution; concentrations below 5% by weight

are needed for the second proton to be dissociated.

• It is a dehydration agent when concentrated over 80% by weight (and above

95% is preferable).

Furthermore, it is relatively cheap. It is typically commercialized in long-term

contracts from large production and consumer companies. The most important

consumers are phosphoric acid producers, who typically allocate their facilities in

the vicinity of the sulfuric acid production plants. Moreover, it is a reagent used

in the production of numerous other chemicals such as explosives, synthetic

fibers, fertilizers, etc., and in metallurgy for purification processes for sugar

dehydration or concentrated nitric acid production.

Health and safety issues: Sulfuric acid is a strong acid when in dilute solution.

It attacks the skin, eyes, and mucoses. Furthermore, when in contact with metals,

a large volume of hydrogen can be generated. It reacts exothermally with water,

dehydrates and even burns organics, and reacts with other reductants as well.

Oleum and sulfur trioxide (SO3) also react energetically with water.

Global production: The production of sulfuric acid has increased from 130 Mt

to over 220 Mt in the last 40 years due to the increased consumption of phosphate

and sulfate fertilizers. It is typically sold as solutions of 98�99% by weight as

produced, but it can be commercialized as solutions of SO3 in sulfuric acid, also

known as oleum. If water is added, additional sulfuric acid can be produced. It is

typically shipped in 200,000 t container ships. It is stored at room temperature

and in carbon steel tanks; the tanks are cylindrical with a conic roof, and are in

Table 7.1 Pyrite and Complex Compositions

% by Weight

Species Pyrite Complex

S 46.0�50.0 44.0�48.0
Fe 41.0�45.0 36.0�40.0
Cu 0.4�1.0 0.4�1.3
Zn 0.2�2.3 3.0�8.0
Pb 0.5�1.3 2.0�6.0
Ag 0.3�0.6 0.3�0.7
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concrete structures re-covered with stoneware bricks. They need to have a pipe to

alleviate pressure and allow any generated hydrogen to leave, and for loading

and unloading purposes. The price is usually stable (around $50/t), but in 2008 it

reached $400/t. Current prices are around $100/t. Fig. 7.1 shows the distribution

of production by region.

Chemical properties: The water�sulfuric acid system has a maximum boiling

point azeotrope at 98.5% and 336�C that can easily be overcome in the produc-

tion process. While diluted it is a strong acid capable of attacking all non-noble

metals but lead, which can handle 80% acid at 90�C; concentrated solutions have

a small acid constant and can be stored in carbon steel. There is a relationship

between the concentration and the density up to 97%. Commercial concentration

is close to freezing point.

EXAMPLE 7.1

Fill in Table 7E1.1.

North America
18%

Central and
South

America
6% 

Western
Europe

6%

Eastern
Europe and

Russia
10% 

Middle East
3%

Africa
10%

Asia
45%

Oceania
2%

FIGURE 7.1

Distribution of sulfuric acid production across regions.

Table 7E1.1 Data Table

% H2SO4
�Be %SO3 Free %SO3 Total Name

65 Chamber acid
60

20
93.6
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Solution
Definitions (�Be5 degrees Baumé):

�Be5 1452
145

ρrel
���
15:6�C

SO3 free5monohydrate1SO3 � oleum

SO3 total5 free1 bonded with water

1. 65%

Using the tables in Perry and Green (1997) we compute the density

at 15.6�C.
15�C: 1.5578 g/cm3

20�C: 1.5533 g/cm3

So, for 15.6�C we have ρ5 1.5573 g/cm3.

ρrel
���
15:6�C

5
ρH2SO4

ρH2O

���
15:6�C

5
1:5573

0:999
5 1:5589

�Be5 1452
145

1:5589
5 51:99

%SO3 free: NONE

%SO3

���
total

5 65% H2SO4 1 35% H2O

From the 65% only a fraction
MwSO3

MwH2SO4

is SO3

%SO3

���
total

5 65U
80

98
5 53:06

2. 60�Be
Using the definition above we compute the relative density and the

density of the sulfuric acid:

�Be5 1452
145

ρrel
5 60.ρrel

���
15:6�C

5 1:7059

ρrel
���
15:6�C

5
ρH2SO4

ρH2O

���
15:6�C

.ρH2SO4
5 1:7041 g=cm3

We interpolate that value in density tables as seen in Table 7E1.2.

Table 7E1.2 Sulfuric Acid Density

g/cm3 (%) 15�C 20�C 15.6�C

77 1.6976 1.6927 1.6970
78 1.7093 1.7043 1.7087
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Thus, with 1.7041 g/cm3, the mass fraction is 77.6%:

% SO3 free5 0

% SO3

���
total

5 77:6U
80

98
5 63:30

3. We cannot longer used �Be units. In 100 kg of mixture we have:

H2SO4 80kg-100%

SO3 20 kg-203 98/805 24.5 kg of acid can be produced out of

it. Thus, 104.5 kg of acid are potentially available in total, although

only 80 kg are real. To compute the total SO3, we have the SO3 free,

plus that in the acid.

%SO3

���
total

5 201 80U
80

98
5 85:31

4. %SO3

���
total

5 SO3;free 1 ð1002 SO3;freeÞU
80

98
5 93:6.SO3;free 5 65:16 kg

Therefore, in 100 kg, 65.16 kg are SO3, and the rest (34.84 kg) sulfu-

ric acid. Thus the potential sulfuric acid in the solution is computed as

(Table 7E1.3):

34:841 65:16
98

80
5 114:67

7.2 PYRITE ROASTING
In this analysis it will be assumed that the mineral consists of sulfur and iron

alone in the form of pyrite (FeS2) or pyrrhotite (Fe7S8). The reactions that take

place are the following:

1: 7FeS2 1 6O2-Fe7S8 1 6SO2

2: Fe7S8 1O2-7FeS1 SO2

3: 3FeS1 5O2-Fe3O4 1 3SO2

4: 4Fe3O4 1O2-6Fe2O3

Table 7E1.3 Results Table

% H2SO4
�Be %SO3 Free %SO3 Total Name

65 52 NA 53.06 Chamber acid
77.6 60 NA 63.30 Glover acid
104.50 NA 20 85.31 Oleum 20%
114.67 NA 65.16 93.6 Oleum 65.16%
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The global reaction is computed as:

ð1Þ1 ð2Þ1 ð3Þ � 7=31 ð4Þ � 7=6
This results in:

FeS2 1
11

4
O2-

1

2
Fe2O3 1 2SO2

Pyrites lose moisture up to 100�110�C, but from 415�C onwards, one of the

labile sulfur atoms is detached and it burns, as in reactions (5) and (6). Therefore

with oxygen available, we produce FeS as slag:

5: FeS2-
1

2
S2 1FeS

-FeS2 1O2-FeS1 SO2

6:
1

2
S2 1O2-SO2

If the combustion of the mineral is not complete, the FeS2 transforms into FeS

as in the reactions above. If all of it is burned, the FeS2 produces Fe3O4 as in

reaction 3. The mechanism is as follows:

FeS1 2O2-FeSO4

FeSO4-FeO1SO3

FeO1
1

2
O2-Fe3O4.FeS1

10

6
O2-SO2 1

1

3
Fe3O4

SO3-SO2 1
1

2
O2

For the combustion to be efficient, the lower the temperature, the more oxygen

required. We need 150% excess at 680�C, but only 115% excess at 700�C. The
sulfates produced at different stages decompose to oxides over 900�C. The type

of mineral determines the melting temperature. Furthermore, SO3 in small

amounts can be produced. It is typically neglected in the analysis. The production

is due to reactions such as:

SO2 1
1

2
O2-SO3

Both are slow and favored at lower temperatures. The SO3 can generate SO22
4

(Table 7.2).

Pyrite roasting: SO3 1 Fe2O3-Fe2ðSO4Þ3
Gas cleaning: The product gas does not only contain the SO2, which is useful

for sulfuric acid production, but also dust, that must be eliminated, arsenic and

moisture. Dust is typically removed by gravity using colliders, cyclones, centri-

fuges, filters, or electrostatic precipitators. Moisture may become a problem since

it generates sulfuric acid before the converter; this will corrode the catalysts and

the pipes. Finally, arsenic oxides must be eliminated. CaO can be used to absorb
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Table 7.2 Pyrite Roasting Furnaces

Rotary and mechanical furnaces can process particle sizes up to 10�12 mm.

Flash Furnaces: The pyrite is fed from the
top and the air from the bottom. Small
particle sizes are required. The high
operating temperatures result in the
vitrification of the ash. Arsenic remains inside
and iron cannot be recovered.

Fluidized beds: These allow processing of
different types of particles with good heat
recovery. Arsenic remains in the ash.
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arsenic, generating Ca3(AsO4)2. Alternatively, we can eliminate the arsenic oxides

using a Tyndall box, where Fe(OH)3 is sprayed over the gases to remove the arse-

nic oxides as per the following reaction:

As2O3 1 2FeðOHÞ3-2FeAsO3 1 3H2O:

7.3 SULFURIC ACID PRODUCTION

7.3.1 LEAD CHAMBER PROCESS: HOMOGENEOUS CATALYST

This process is no longer in use. However, it was the first one on the market and

its evolution is a good example of process design. The first facility in the United

Kingdom was installed in 1749 in Scotland, and it consisted of only the lead

chambers. By 1772�77, based on Lavoisier’s discovery of the sulfuric acid

formula, it was shown that niter was not a component of the acid; it was thought

to be a catalyst. In 1827 Gay-Lussac introduced the tower that was named after

him; it was designed to recover the nitrogen oxides that were lost with the gases.

However, this tower was not used until 1859, when Glover introduced a new

tower (a denitrification tower) to recover the catalyst from the liquid produced in

the Gay-Lussac Tower, so that the sulfuric acid is denitrified. This process is only

capable of producing low-concentration sulfuric acid. The process consists of

three stages, as seen in Fig. 7.2 (Lloyd, 2011).

FIGURE 7.2

Flowsheet for the production of sulfuric acid using the lead chamber process.
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In plants up to 1920, niter pots were used to produce in situ the HNO3 used as

catalyst. The gas was passed through a niter oven where NaNO3 and concentrated

H2SO4 were heated. Later, an ammonia oxidation unit was used (see Chapter 6:

Nitric acid, for nitric acid production from ammonia).

1. The SO2, impure with other gases, is processed through a dust chamber before

being fed to the Glover Tower for denitrification. The tower is a cylinder of

12�14 m of diameter, whose walls are covered by Volvic rock, volcanic rock,

resistant to acids. The outside surface is covered by a thick lead layer. From

1 m to 1.5 m from the base up to three fourths of its height, it is filled with a

porous acid-proof packing. The lower limit is hydraulically sealed with the

acid to avoid gas leaks. The hot SO2 is fed to the lower part of the Glover

Tower. From the top, a liquid mixture of diluted sulfuric acid (53�Be) rich in

nitrous gases (NO1NO2) from the Gay-Lussac Tower is sprayed inside, the

nitrous vitriol (sulfuric acid with NO and NO2 dissolved). Nitric acid is also

fed in as makeup. Part of the SO2 is oxidized into SO3, and it is dissolved

into the acid solution to obtain the so-called Glover acid, a solution of

78% H2SO4. The process is described by the following reactions:

HSO4 NO1HNO3-H2SO4 1 2 NO2 ðH2SO4 denitrificationÞ
2HSO4 NO1H2O-2 H2SO4 1NO1NO2 ðNOx releaseÞ
SO2 1NO2-NO1 SO3 ðPartial oxidation of SO2Þ
SO3 1H2O-H2SO4ðGlover acidÞ ðAcid concentrationÞ

Thus, the sulfuric acid is denitrified in the tower. The nitrous vapors rise,

acting as catalysts for the oxidation of SO2. The acid, as it descends, gives up

the water and cools down the gases from the furnace. These gases mix with

the steam and the nitrous vapors and are sent to the first lead chamber through

a lead pipe located at the top of the tower.

2. From the Glover Tower, a mix of gases including sulfur dioxide and sulfur

trioxide, nitrogen oxides, nitrogen, oxygen is transferred to a chamber

internally covered by lead, where it is sprayed with water. The lead chambers

are large tanks in the form of a truncated cone (100 m long, 15 m high, and

25 m wide) whose walls are made of lead supported by a wood structure. The

walls and the bottom constitute a hydraulic seal where the produced sulfuric

acid is collected. From the roof of the chambers, a fine spray of water is fed

to dissolve the SO3 obtained in the chambers. The sulfuric acid, formed in the

series of reactions presented below, condenses on the walls and is gathered at

the bottom of the chambers:

SO2 1H2O-H2SO3

H2SO3 1NO2-H2SO4 NO

H2SO4 NO-H2SO4 1NO

NO1 0:5O2-NO2

SO3 1H2O-H2SO4 ðProduction of H2SO4Þ
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The unconverted gases are fed to the second chamber and so on.

Each chamber is smaller than the previous one. There can be from three to

six chambers. The sulfuric acid produced has a concentration ranging from

62% to 68% H2SO4. It is called chamber acid. Finally, the gases are fed to

the Gay-Lussac Tower.

3. The unconverted gases are washed with cooled concentrated acid from the

Glover Tower in the Gay-Lussac Tower. The nitrogen oxides and the

sulfur dioxide are dissolved in the acid, regenerating the nitrous vitriol

that is sent to the Glover Tower. The unabsorbed gases are released to

the atmosphere.

H2SO4 1N2O4 1N2O3-HSO4 NO1HNO3 1H2O ðAbsorption of NOxÞ

N2O3 is formed from NO and NO2. The catalyst losses are small: 5�8 kg

of HNO3 per t of H2SO4.

The acid produced using this method can be concentrated from 78%

(the typical concentration exiting the Glover Tower) using a cascade of

silica dishes or by using the Gaillard process. The first method concentrates

the sulfuric acid step-by-step in each dish. The Gaillard process consists of

spraying the sulfuric acid inside a Gaillard Tower (diameter: 6�15 m;

height: 10�20 m). The spray is put in countercurrent with hot gases from

a coke furnace so that water is evaporated, concentrating the acid up to 92%.

The hot gases are further processed in another tower where dilute acid is

also sprayed. Next, the gases are fed to a precipitator where lead bars

are used to maintain a high potential so that the mist of acid droplets

is recovered.

7.3.2 INTENSIVE METHOD

This method is based on the fact that if the concentration of sulfuric acid is above

70%, the use of lead chambers is no longer needed, and Fe is enough to handle

the streams (which reduces the capital costs). The acid from the chambers is

recycled and sprayed to increase the concentration. A number of modifications

are carried out based on the lead chamber process (see Fig. 7.3):

• The production from the chambers is mixed with the stream that sends the

nitrous vitriol from the Gay-Lussac Tower to the Glover Tower.

• To increase the concentration, the acid from the chambers is recycled to them.

As a result, the intensive method produces sulfuric acid with a concentration

of 78�92%. Throughout the following examples we analyze the process for the

production of sulfuric acid based on the lead chambers. The case study is based

on the one in Houghen et al. (1959). Fig. 7E2.1 shows the flowsheet. In Example

7.2 we analyze the pyrite roasting process, in Example 7.3 the Glover Tower, and

in Example 7.4 the lead chambers and the Gay-Lussac Tower.
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EXAMPLE 7.2

Mineral (100 kg/s) consisting of 85% pyrite (FeS2), 13% inerts, and 2%

H2O is roasted in a furnace to produce SO2. Air at 25
�C and 760 mmHg

with a relative humidity of 30% is used. The gas product exits the furnace

at 450�C with a composition of 8.50% SO2, 10.00% O2, and 81.50% N2.

Only 0.5% of the initial sulfur goes with the slag. The slag exits the

furnace at 450�C. Compute the air needed for the process and the heat

losses in the furnace. (Fig. 7E2.1)

FIGURE 7E2.1

Flow diagram for Examples 7.2�7.4.

FIGURE 7.3

Intensive method for sulfuric acid production.
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Solution
Complete roasting of the pyrite follows the reaction below:

FeS2 1
11

4
ðO2 1 3:76N2 1 yH2OÞ-

1

2
Fe2O3 1 2SO2 1

11

4
� ð3:76N2 1 yH2OÞ

However, the sulfur that is lost in the slag is only partially roasted:

FeS2 1 ðO2 1 3:76N2 1 yH2OÞ-FeS1SO2 1 ð3:76N2 1 yH2OÞ
The air fed to the furnace has a certain amount of water, and

Pv (25�C)5 23.76 mmHg. Therefore, per mol of air, the amount of water

is computed as:

H2Ovap

Molair
5

ϕPo
v

PT 2ϕPo
v

5 9:98U1023 molH2O

moldryair

The slag consists of the inerts, the FeS, and the Fe2O3:

Slag5 Inert1 FeS1Fe2O3

Inerts5 13 kg=s

FeS5
MwFeS

MwS

Sslag 5
87:9

32

�
0:005 � 85 � 32 � 2

119:9

�
5 0:625 kg=s

Fe2O3 5
1

2

MwFe2O3

MwFeS2

FeS2;roasted 5 56:075 kg=s

FeS2;roasted 5 852
MwFeS2

MwFeS

FeS5 852
119:9

87:9
0:6255 84:15 kg=s

Slag5 131 0:6251
1

2

159:8

119:9
ð852 0:853Þ5 69:700 kg=s

The slag composition is given in Table 7E2.1.

Using the stoichiometry of the reaction and the amount of Fe2O3 and

FeS produced, we can compute the sulfur dioxide, and with it, the dry gas

composition:

nSO2
5 4nFe2O3

1 nFeS 5 4
56:075

159:8
1

0:625

87:9
5 1:411 kmol=s

ndry;gas 5
nSO2

0:085
5 16:560 kmol=s

nO2
5 ndry;gas � 0:15 1:656 kmol=s

nN2
5 ndry;gas � 0:8155 13:526 kmol=s

Table 7E2.1 Slag Composition

%w

Fe2O3 80.45
FeS 0.90
Inerts 18.65
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The nitrogen comes directly from the air fed. Thus, the air fed to the

system is as follows:

ndry;air 5 nN2

1

0:79
5 17:12 kmol=s

nO2
5 nN2

0:21

0:79
5 3:596 kmol=s

nH2O 5 ndry;airUy5 0:170 kmol=s

Together with the mineral (100 kg/s), a flowrate of 496.9 kg/s of air is

fed to the furnace.

The moisture that accompanies the gas product is given by that in the

air plus that in the mineral:

nH2O 5 ndry;air � y1
2

18
5 0:171 0:1115 0:281 kmol=s

The total flow of product gases is 527.2 kg/s, the slag is 69.7 kg/s, and

the total product flow is 596.9 kg/s. The energy balance is given as follows:

QinðflowÞ 1Qreaction 5QoutðflowÞ

X
mi

ðTin
Tref

cp;idT 1Qreaction 5
X

mi

ðTout
Tref

cp;idT1Qlosses

Assume that the slag has a heat capacity of 0.16 kcal/kg. Table 7E2.2

summarizes the operation of the furnace.

Table 7E2.2 Results for Pyrite Roasting Process
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EXAMPLE 7.3

The product gas from the furnace is fed into the Glover Tower. Fifteen

percent (15%) of the SO2 is transformed into H2SO4. The Glover Tower

also receives a flow rate of 600 kg/s from the Gay-Lussac Tower; it

consists of 77% H2SO4, 22% H2O, and 1% N2O3. A stream of 1.5 kg

of HNO3 with a composition of 36% is fed as makeup, and from the lead

chambers a stream of 175 kg/s of H2SO4 with a composition of 64% is

also fed to the Glover Tower. The product from the Glover Tower is

sulfuric acid 78%. Compute the composition of the gas that will be sent

to the lead chambers and the cooling needs so that the product acid is

at 25�C. The gases from and to the lead chambers are at 91�C.

Solution
The conversion of SO2 to H2SO4 is 15%. Assume that the reaction taking

place is as follows:

SO2 1
1

2
O2 1H2O-H2SO4

We compute the gas products and the sulfuric acid produced:

nH2SO4 ;produced 5 nSO2 ;converted 5 0:15 � nSO2 ;ini 5 0:212 kmol=s

nH2O;consumed 5 nH2SO4 ;produced 5 0:212 kmol=s

nO2 ;consumed 5
1

2
nH2SO4 ;produced 5 0:105 kmol=s

Products

nSO2
5 nSO2 ;ini 2 nSO2 ;converted 5 1:4112 0:2125 1:199 kmol=s

The sulfuric acid that exits the tower is computed using a mass balance:

Gay-Lussac1Chambers1Generated5

0:77U6001 0:64U1751 0:212U985 594:78 kg=s

Out of the total liquid stream, sulfuric acid represents 78% by weight;

thus, the water that accompanies it can be computed as:

Acidflow5
mH2SO4

0:78
5 762:48 kg=s

Waterflow5 0:22 � Acidflow5 167:75 kg=s

Next, a balance to water is performed. The reactions of the decomposi-

tion of the nitric acid must be accounted for. Furthermore, to compute the

gas product, the decomposition of the N2O3 is also considered:

2HNO3-2NO1H2O1
3

2
O2

N2O3-2NO1
1

2
O2
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We assume that the conversions of these reactions are 100% because

nitric acid is not exiting with the products:

nHNO3
5

mHNO3

MwHNO3

5 8:573 1023 kmol=s

nN2O3
5

mN2O3

MwN2O3

5 0:0789 kmol=s

nNO;produced 5 nHNO3
1 2 � nN2O3

5 8:57U1023 1 2 � 0:07895 0:166 kmol=s

nH2O;produced 5
1

2
nHNO3

5 4:285 � 1023 kmol=s

nO2 ;produced 5
3

4
nHNO3

1
1

2
nN2O3

5
3

4
8:57 � 1023 1

1

2
0:07895 0:0459 kmol=s

Performing a global mass balance to the tower we have the amount of

gas products:

FGay-Lussac 1FChambers 1FGas 1FNitric 5FProduct acid 1FGases

6001 1751 527:21 1:55 762:481FGases

FGases 5 541:21 kg=s

Next, performing a mass balance to water, we compute the water that

leaves with the gases (Table 7E3.1):

WaterGay-Lussac 1WaterChambers 1WaterGas 1WaterNitric 1WaterProduced;HNO3

2Waterconsumed;H2SO4
5WaterProductacid 1WaterGases

0:22U6001 0:36U1751 5:0641 0:64U1:51 0:0772 3:8095 0:22U762:481WaterGases

WaterGases 5 29:53 kg=s

Table 7E3.1 Gas Composition

kmol/s kg/s

N2 13.526 378.741
O2 1.599 51.193
H2O 1.641 29.539
SO2 1.199 76.744
NO 0.166 4.994
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The energy balance is performed considering the formation of solutions

of sulfuric acid and NOx:

X
i

mi ΔH25
f 1

ðTin
Tref

cp;idT

0
@

1
A5

X
i

mi ΔH25
f 1

ðTout
Tref

cp;idT

0
@

1
A1Qlosses

For H2SO4

ΔH25
f 5ΔH25

f

���
pure

1ΔHsolution

For N2O3

ΔH25
f 5ΔH25

f

���
gas

1ΔHsolutionð2 28; 900 kcal=kmolÞ

Table 7E3.2 summarizes the results of the mass and energy balances.

EXAMPLE 7.4

The acid leaving the Glover Tower, free from nitrogen oxides, is partially

sent to the Gay-Lussac Tower. The rest is collected as product. The gases

from the lead chambers are sent to the Gay-Lussac Tower. Determine the

acid produced in the facility, the water added to the lead chambers, and

the composition of the residual gases from the Gay-Lussac Tower.

Solution
The total amount of sulfuric acid produced in the facility is the sum of that

produced in the lead chambers and that produced in the Glover Tower.

Table 7E3.2 Results for Glover Tower
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This is the one that must leave the facility to avoid buildup. The acid pro-

duced in the Glover Towers was determined in Example 7.3. The acid

produced in the lead chambers is in the data from the problem.

Furthermore, the acid produced from the facility has the same composition

as that from the Glover Tower. Thus:

mH2SO4
glover 5 0:212 �MwH2SO4

5 20:78 kg=s

mH2SO4
chambers 5 nSO2 ;consumed �MwH2SO4

5 175 � 0:645 112 kg=s

mH2SO4
glover 1mH2SO4

chambers 5 132:776 kg=s

mH2SO4
Glover;out 5 762:67 kg

Recycle5 762:67 kg2
132:776 kg

0:78
5 592:26 kg=s

What follows is the analysis of the lead chamber operation.

To determine the water added to the chambers, we perform a molar bal-

ance to the entire process:

Waterair 1Watermineral 1WaterHNO3
1Reactsnitric 2Reactssulfuric 1WaterChambers

5Waterproduct

0:171 0:111
1:5U0:36

18
1 ð0:00428Þ1Waterchambers 5

H2SO
Glover
4 1H2SO

Chambers
4

98
1

1

18
H2SO

Glover
4 1H2SO

chambers
4

� � 0:22
0:78

Waterchambers 5 3:146 kmol=s-56:619 kg=s

This is the reaction that takes place in the lead chambers:

SO2 1
1

2
O2 1H2O-H2SO4

The product is a flowrate of 175 kg/s with a composition of 64% by

weight. Thus, the composition of the exiting gas is computed based on the

stoichiometry in the chambers:

nSO2 ;consumed 5
mT ;acidU%H2SO4

Mw;H2SO4

5
175U0:64

98
5 1:143 kmol=s

nO2 ;consumed 5
1

2
nSO2 ;consumed 5 0:571 kmol=s

nH2O;consumed 5 nSO2 ;consumed 5 1:143 kmol
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The molar balance to water that exits with the gases is calculated as

follows:

nchambers1ngases2 nreacts2 nprod;acid 5 3:1461 1:6402 1:1432
0:36U175

18

5 0:143 kmol=s

The energy balance to the lead chambers is as follows:

X
i

mi ΔH25
f 1

ðTin
Tref

cp;idT

0
@

1
A5

X
i

mi ΔH25
f 1

ðTout
Tref

cp;idT

0
@

1
A1Qlosses

where

ΔH25
f;H2SO4

5ΔH25
f

���
pure

1ΔHsolution

The results are summarized in Table 7E4.1.

Now we look at the analysis of the Gay-Lussac Tower.

The gas exiting the chambers is fed to the Glover Tower. It is dry gas

since the acid is a well-known dehydrating agent. Thus, the gas product

from the tower is computed as shown below.

The SO2 exiting the tower is that which has not produced sulfuric acid:

nSO2
5 1:4112

H2SO4
Glover 1H2SO4

Chamber

98
5 0:037 kmol=s

Table 7E4.1 Results for Lead Chambers
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The oxygen in the outlet gases is computed as follows. Oxygen enters

with the air and is produced in the decomposition of HNO3. Moreover, it

is consumed in the furnance and in the production of sulfuric acid:

nO2
5 1:6412

H2SO
Glover
4 1H2SO

Chambers
4

98

1

2
1

1:5 � 0:36
63

3

4
5 0:979 kmol=s

Alternatively, we can determine the oxygen in the gases from the total

amount exiting the chambers minus that needed for the regeneration of the

catalyst.

The NO in the gas is that entering with the HNO3. Alternatively, we

can compute it as that from the lead chambers minus that needed in the

regeneration of the catalyst:

2NO1
1

2
O2-N2O3

Finally, we perform an energy balance to the Gay-Lussac Tower as

before:

X
i

mi ΔH25
f 1

ðTin
Tref

cp;idT

0
@

1
A5

X
i

mi ΔH25
f 1

ðTout
Tref

cp;idT

0
@

1
A1Qlosses

where

ΔH25
f;H2SO4

5ΔH25
f

���
pure

1ΔHsolution

for N2O3

ΔH25
f 5ΔH25

f

���
gas

1ΔHsolution

The results are summarized in Table 7E4.2.

Table 7E4.2 Results for Lead Chambers
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7.3.3 CONTACT METHOD: HETEROGENEOUS CATALYSIS

7.3.3.1 History
This method was first described by Peregrine Phillips in 1831 when the patent

was issued. It consisted of the oxidation of sulfur dioxide into sulfur trioxide and

its absorption in water. This method was not widely used for over 40 years due to

the lack of demand and the slow progress of technology necessary to work with

pure gases. A few years later, in 1875 Clemens and Winkler showed that the

SO2 and the O2 should be put into contact with the catalyst in stoichiometric

proportions. By 1898 BASF had already evaluated several catalysts, from the

original platinum to V2O5, which is the catalyst of choice today. The process

allows high-purity sulfuric acid production. The first facility in the United States

did not use water directly to absorb and hydrate the SO3, but sulfuric acid

(King et al., 2006).

7.3.3.2 Process description
The process consists of three stages: sulfur burning, catalytic oxidation of

SO2, and SO3 hydration. Fig. 7.4 shows a scheme of the layout of the plant.

FIGURE 7.4

Layout of a sulfuric acid plant based on the contact method.

1. Solid sulfur storage; 2. Sulfur melting; 3. Liquid sulfur filtration; 4. Liquid sulfur storage;

5. Air filtration and silencer; 6. Air dryer; 7. Sulfur combustion with two distinct burners

with individual air supplies; 8. Steam, water storage, boiler; 9. Converter; 10. Intermediate

absorber; 11. Final absorber; 12. Chimney; 13. Heat exchangers, economizers, heaters.

Courtesy of Outotec OYJ with permission.
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Note the size of the units and the pipes that connect them. There are two

main alternatives: single-stage or double-stage absorption. Figs. 7.5 and 7.6

show each of them, respectively. We can use sulfur or pyrite as raw material

in any of the processes. The disadvantage of using pyrite—in addition to the

fact that it contains arsenic—is that the dust, arsenic, and antimony must be

treated, which reduces the global yield of the plant. Furthermore, the dust

can never be completely removed. Thus, the energy balance is better for

sulfur-based plants.

7.3.3.2.1 Sulfur combustion

The sulfur is received as a solid. It is melted and clarified before storage. Next,

the clean sulfur is burned with air to produce sulfur dioxide. Fig. 7.7 shows a

photograph of a typical burner. This air needs to have been previously treated to

remove dust and humidity. The air is filtered and sent to a drying tower where it

is washed with sulfuric acid (95�96 wt%) to remove the humidity—air moisture

Drying
tower

Main
blower

Air

Water

Dry tower
pump tank

93%
Product
cooler

93%
Acid to 
storage

Cooler

Sulfur

Sulfur burner

To
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Absorbing
tower
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heat boiler

Converter

Superheaters

99%
Cooler

Water

Absorbing
tower

pump tank

99%
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cooler

99%
Acid to
storage

Oleum
pump
tank

Oleum
tower

Oleum
cooler

Economizer

Oleum
product
cooler

Oleum to
storage

Waste
heat boiler

FIGURE 7.5

Single-stage absorption process for the production of sulfuric acid.

Reproduced with permission from Muller, T., 1993. Sulfuric acid and sulfur trioxide. Kirk-Othmer

Encyclopedia of Chemical Technology. vol. 23, Wiley, Muller (1993). Copyright Kirk Othmer Encyclopedia of

Chemical Technology.
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FIGURE 7.7

Sulfur burner.

With permission http://www.chemithon.co.in/burner.php.
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FIGURE 7.6

Double-stage absorption process for the production of sulfuric acid.

Reproduced with permission from Muller, T., 1993. Sulfuric acid and sulfur trioxide. Kirk-Othmer

Encyclopedia of Chemical Technology. vol. 23, Wiley, Muller (1993). Copyright Kirk Othmer Encyclopedia of

Chemical Technology.
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is responsible for corrosion in pipes and towers. Typically the dry air has a

composition of 21% oxygen and 79% nitrogen. The reaction that takes place

is the following:

S1O2-SO2

The reaction is highly exothermic, so the exiting gas is at a high temperature.

The final temperature depends not only on the ratio of oxygen to sulfur, but also

on the heat loss due to radiation. Only a fraction of the oxygen is used to burn the

sulfur. The rest is needed at a later stage in the converter. The gas composition

from the sulfur burner depends on the oxygen-to-sulfur ratio.

7.3.3.2.2 Catalytic oxidation of SO2

For the reaction to progress, the feed to the converter has to be cooled down to

420�450�C. This is achieved using a boiler to produce steam. The gas stream

containing the SO2 is filtered to remove the dust so that dry gases containing

7�10% SO2 are fed to the converter. The lower bound corresponds to pyrite-

based facilities and the upper bound is common for sulfur-based ones. The stream

composition with regards to oxygen is 11�14%. Thus, the typical ratio between

O2 and SO2 is 1.7. In the converter, SO2 reacts with the oxygen already in the gas

phase to produce sulfur trioxide:

2SO2 1O2-2SO3

Mechanism: SO2 1V2O5-V2O4 1 SO3; V2O4 1
1/ 2 O2-V2O5

FIGURE 7.8

SO2 converter configurations. (A) Multibed reactor and (B) Tubular packed bed.
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There are two basic designs: the multibed reactor and the tubular packed bed.

Multibed reactor: This consists of a number of beds using Pt or V2O5 as cata-

lyst, operating adiabatically from 400�C to 600�C. Current converters are made of

stainless steel 304 or 321. The use of these materials, although more expensive,

allows thinner walls, which mitigates the capital costs. Fig. 7.8A shows the con-

figuration. Two or more converters are commonly used.

Typically, the converter consists of four layers of catalyst to improve the

yield, which is limited by the equilibrium. The bed consists of a layer of

silica rock of around 25 mm, another one of catalysts supported on solid porous

silica of 10�12 mm, a third layer of silica rock of 25 mm, and a support grid

of stainless steel. The catalytic bed is from 0.5 to 1 m deep and the grid is

0.02�0.04 m thick. The reaction is exothermic and reversible, an equilibrium

which depends on the temperature and the operating pressure. To improve the

yield at each stage, the gas must be cooled before being fed to the next catalytic

bed (King et al., 2006).

The gas from the first bed is typically cooled down and produces stream;

see Figs. 7.5 and 7.6. After the second bed, the gas is used to reheat the gas

coming from the absorption tower where SO3 has been absorbed into sulfuric

acid. The gas that has reacted in the third bed is cooled down to generate steam

and is then sent to a tower to remove the selenium. Subsequently, the gas is fed

to the intermediate absorption column where the SO3 is removed from the stream

by absorption on sulfuric acid 98%. This gas is reheated using the hot product

gases from the second and third catalytic beds. The remaining SO2 is converted

into SO3 in the fourth bed. The final product gas is cooled down in an economizer

and fed to the final absorption tower where the remaining SO3 is absorbed into

sulfuric acid 98%.

The catalysts used have evolved over the years. They are quite sensitive

to impurities in the gas phase, and thus require proper purification. Initially,

platinum catalysts were proposed and tested in 1831 by Phillips. Snhnuder in

1847 suggested the use of lead. A year later, Leming used Pb with 1% MnO2.

In 1853 pyrite cinders were used by Robb. The same year, Hunt patented the use

of silica as a catalyst support. By 1894, Mannheim suggested a mixture of iron

(III) oxide, but in the same year vanadic acid was also tested. From 1900 on,

V2O5 has been used as the active component (containing 4�9%), together with

alkali metal sulfates as promoters (Lloyd, 2011).

Tubular packed beds: The feed gas is heated up to the proper reaction temper-

ature and fed to the reactor. In this case, the catalyst is packed in tubes, and the

tubes are put in heat exchangers where they will be cooled by a boiling liquid.

The outside diameter of the tubes is a compromise between the heat transfer to

cool down the process and the number of tubes needed. Severe radial temperature

gradients have been observed in oxidation systems, although these systems had

platinum catalysts and greatly different operating conditions than those being

considered here. Fig. 7.8B shows an example.
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The conversion of SO2 to SO3 is between 96% and 97% since the design

efficiency drops with the operation. Pyrite-based facilities also suffer this effi-

ciency reduction problem to a large extent. If their arsenic content is high

(which poisons the catalyst), the yield decreases to 95%. Typically the operating

temperature in the first converter is from 400�C to 600�C, while in a second

converter a temperature range from 500�C to 600�C is used for reaching an opti-

mal conversion at a reduced cost. The residence time in the converters is short:

2�4 s (King et al., 2006).

7.3.3.2.3 SO3 hydration

The SO3 produced in the converter, once cooled to 100�C, is absorbed into a

sulfuric acid solution (98�99%). The gas is combined with the water in the acid

in a two-step procedure after the third and fourth beds, as described in the stage

above. These are the reactions:

SO3 1H2SO4-H2S2O7

H2S2O7 1H2O-2H2SO4

The reactions take place in towers of 7�9 m diameter, 18�25 m height, a

packed bed height of 2.5�6 m, and typically, ceramic saddles of 5�7 cm.

The acid is therefore recycled to the dryer where the moisture of the air dilutes it.

A plug filter is allocated at the top of the final absorption tower. Therefore, while

it is diluted with the air, it is concentrated in the absorption. Fig. 7.9 shows a

photograph of an absorption tower.

Water is added to the reservoir tanks of the absorption towers and dryer,

increasing the volume and maintaining the acid concentration to 98�99%.

The double absorption process allows higher production yields with smaller

FIGURE 7.9

Absorption tower.

With permission http://www.chemithon.co.in/absorber.php.
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equipment. Table 7.3 shows the comparison between the processes that use

single and double absorption.

7.3.3.2.4 Selenium removal

As mentioned before, the stream containing the SO3 from the third bed still

contains selenium from the sulfur. It has to be removed so that the sulfuric acid

reaches the proper concentration.

7.3.3.2.5 Oleum production

Oleum is a solution of SO3 in sulfuric acid, which is used in sulfonation

processes. It is also known as Nordhausen acid. The chemical reactions are

as follows:

ðH2SO4Þx 1H2O1SO3-ðH2SO4Þx11 1Heat

---acid 98% ----j j acid 100%

ðH2SO4Þy1 ðSO3Þz -ðH2SO4ÞUSO3 1Heat

Note that x, y, and z are arbitrary numbers of molecules.

The process consists of an absorption tower filled with ceramic material, a

recycle pump, a cooling system, and a recycle tank. The absorption of SO3 has a

low yield so that the gas has to be recycled to the sulfuric acid plant to avoid

environmental contamination. The final product contains 22�24% of SO3 dis-

solved in sulfuric acid, and the theoretical purity is 105% since it is possible to

generate more sulfuric acid just by adding water. The product can extract water

from organic material as well as from human skin, and careful temperature con-

trol is required. Selenium is typically removed at this stage.

7.3.3.2.6 Secondary products

Several stages produce energy. Out of this energy, 57�64% can be used to

produce steam that is later used to power the compressor for the air.

Table 7.3 Operation Data for Sulfuric Plants (Outotec, 2012)

Single Absorption
Process

Double Absorption
Process

Capacity mtpd Mh 50�7900 50�7900
Conversion % 98�99 99.9
Specific steam production t/mtMh 1.4
Specific cooling 15�25 kWh per t Mh 2 GJ
Specific power consumption 1�1.56 GJ per t Mh 40�60 kWh/mtMh
Specific catalyst quantity L per t Mh 200�260 150�200

Mh, Monohydrate sulfuric acid.
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7.3.3.2.7 Heat integration

Both the excess energy and the produced energy are reused within the process.

In particular, the multibed design allows efficient energy reuse.

7.3.3.2.8 Construction materials

The corrosive nature of sulfuric acid requires the use of different alloys in

industrial plants. Mostly metals such as Ni, Cr, Mo, Cu, and Si are used to reduce

the corrosion in sulfuric acid plants. The corrosivity of the streams varies

across the process since it is a function of the acid concentration, the operating

temperature, and the flow velocity.

7.3.3.2.9 Emissions

The emissions of SO3 or H2SO4 mists are due to inefficient absorption. They can

be minimized by strict control of sulfur impurities, and the proper dry process for

air. Candle filters can be used to remove the mists, but they are not effective for

removing the excess SO3.

7.3.3.3 Process analysis
7.3.3.3.1 Oxidation thermodynamics

The reaction taking place in the converter is an exothermic (26,700 kcal/kmol)

equilibrium:

SO2 1 0:5 O2’-SO3

The equilibrium is driven to products at lower temperatures by increasing the

pressure and/or increasing the concentration of the reactants. The corrosive nature

of the species involved prevents the use of high pressures or a higher concentra-

tion of reactants. Therefore, temperature control is used to improve the conversion

of the reaction. The equilibrium constant is given as follows:

Kp 5
PSO3

PSO2
P0:5
O2

(7.1)

The values for the equilibrium constant as a function of the temperature can

be found elsewhere. Two correlations are presented below (Duecker and West,

1975; Müller, 1998; Ortuño, 1999):

log10ðKpÞ5
4956

T
2 4:6780 (7.2)

log10ðKpÞ5
5186:5

T
1 0:61 log10ðTÞ2 6:7496 (7.3)

As the reaction progresses, the temperature increases, which reduces the maxi-

mum equilibrium conversion that can be achieved. Thus, refrigeration is required

to obtain high conversions.
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Ideally, isothermal operation would be the best option (see the vertical line in

Fig. 7.10), but the difficulties in removing the generated energy suggest the use

of intercooling between the catalytic beds (see the step-based path in the same

figure). In the following examples we compute the equilibrium line as a function

of the operating fed composition, pressure, and temperature for different feed-

stocks (Examples 7.5 and 7.6), and also design a multibed reactor (Example 7.7).

EXAMPLE 7.5

Determine the equilibrium conversion from SO2 to SO3 from sulfur. Plot

the equilibrium curve for different pressures (0.8 atm, 1 atm, 1.5 atm) and

initial concentrations of SO2 (6%, 8%, 12%).

Solution
Consider the reaction stoichiometry and the equilibrium constant, given as

follows:

SO2 1
1

2
O23SO3

Kp 5
PSO3

PSO2
� P0:5

O2

log10ðKpÞ5
4956

T
2 4:678

FIGURE 7.10

SO2 converter operation.
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From sulfur and 1 kmol of dry air, we perform the mass balances to the

process. Let X be the conversion and a the fraction of SO2 in the feed to

the converter (Table 7E5.1).

The total number of moles in the equilibrium is the summation of the

last column of the table:

nT 5 a2 a � X1 0:791 0:212 a2 0:5 � a � X1 a � X5 12 0:5 � a � X

Thus, the partial pressures for the species involved are as follows:

PSO2
5

a � ð12XÞ
12

a � X
2

PT; PSO3
5

a � ðXÞ
12

a � X
2

PT; PO2
5

0:212 a2
a � X
2

12
a � X
2

PT

Substituting in the expression and reordering:

Kp5
PSO3

PSO2
UP0:5

O2

5

aUðXÞ
12

a �X
2

PT

2
64

3
75

aUð12XÞ
12

aUX
2

PT

2
64

3
75 0:212a2

aUX
2

12
aUX
2

PT

2
64

3
75
0:5

5

XU 12
aUX
2

� �0:5

ð12XÞ 0:212a2
aUX
2

� �0:5
PT

0:5

Table 7E5.2 shows the conversion for different pressures and tempera-

tures for a5 0.06. Fig. 7E5.1 shows the results repeating the procedure for

the rest.

Table 7E5.1 Balances to Sulfur Burning and Equilibrium Stages

S-SO2 SO2-SO3

Initial Final Initial Equilibrium

SO2 � a a a�(12X)
N2 0.79 0.79 0.79 0.79
O2 0.21 0.212 a 0.212 a 0.212 a2 0.5�a�X
SO3 � a�X
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Table 7E5.2 Conversion as a Function of Pressure and Temperature

P5 0.8 atm P5 1 atm P51.5 atm

Kp (T) T X X X

3819.442708 600 0.99916852 0.99925623 0.99939263
884.3320899 650 0.9964198 0.99679643 0.99738259
252.3480772 700 0.98757686 0.98887226 0.99089366
85.11380382 750 0.96413344 0.96778569 0.97352465
32.88516309 800 0.91261604 0.92104806 0.93449999
14.20980883 850 0.82004997 0.83570639 0.86136331
6.740105069 900 0.68664695 0.7096612 0.74884936
1.896705921 1000 0.38827411 0.41448564 0.46323565

FIGURE 7E5.1

Effect of pressure, temperature, and SO2 feed on conversion to SO3 (sulfur burning).
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EXAMPLE 7.6

Starting from pyrite, plot the equilibrium curve for various pressures

(0.8 atm, 1 atm, 1.2 atm) and initial concentrations of SO2 to the converter

(6%, 8%, 10%).

Solution
Consider the reaction stoichiometry and the equilibrium constant for the

oxidation of SO2:

SO2 1
1

2
O23SO3

Kp 5
PSO3

PSO2
� P0:5

O2

log10ðKpÞ5
4956

T
2 4:678

Assume 1 kmol of dry air. The mass balances for the pyrite roasting

and the sulfur dioxide conversion are as follows (Table 7E6.1):

The fraction of SO2 in the gas that enters the converter is given by:

%SO2 5
2a

12 0:75a
-a5

%SO2

21 0:75U%SO2

In the equilibrium, the total number of moles is given by the equation

below:

nT 5 2UaUð12XÞ1 0:791 0:212 2:75a2 aUX1 2UaUX5 12 0:75Ua2 aUX

Therefore, the partial pressures for the species involved are the following:

PSO2
5

2UaUð12XÞ
12 0:75a2 aUX

PT

PSO3
5

2UaUðXÞ
12 0:75a2 aUX

PT

PO2
5

0:212 2:75Ua2 aUX
12 0:75a2 aUX

PT

Table 7E6.1 Balances to Pyrite Roasting and Equilibrium Stages

FeS21 (11/4)O2-0.5Fe2O31 2SO2 SO2-SO3

Initial Final Initial Equilibrium

SO2 � 2a 2a 2�a�(12X)
N2 0.79 0.79 0.79 0.79
O2 0.21 0.212 2.75a 0.212 2.75a 0.212 2.75a 2 a�X
SO3 � 2�a�X
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The equilibrium constant is given by this equation:

Kp 5
PSO3

PSO2
UP0:5

O2

5

�
2 � a � ðXÞ

12 0:75a2 aUX
PT

�

2 � a � ð12XÞ
12 0:75a2 a � X PT

2
4

3
5 0:2122:75 � a2a � X

120:75a2a � X PT

2
4

3
5
0:5

5
X � ½120:75a2a � X�0:5

ð12XÞ½0:2122:75 � a2a � X�0:5PT
0:5

Fig. 7E6.1 shows the effect of feed composition, operating pressure,

and temperature on the conversion.

FIGURE 7E6.1

Effect of pressure, temperature, and SO2 feed on conversion to SO3

(pyrite roasting).
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EXAMPLE 7.7

Multibed reactor design: A production facility operates a four bed reactor.

The feedstock enters the reactor at 400�C with an SO2 content of 10%

from burning sulfur. The total pressure is 1 atm. The feed temperatures

before the second, third, and fourth beds are 450�C, 450�C, and 430�C,
respectively. Each catalytic bed reaches 97% of the equilibrium conversion

and operates adiabatically. Determine the gas composition after each bed.

Solution
Using the results presented in Example 7.5, with a5 0.1, we compute the

equilibrium line. As before, from sulfur, and considering 1 kmol of dry air,

we have the mass balances as seen in Table 7E7.1.

The moles in the equilibrium are as follows:

nT 5 a2 a � X1 0:791 0:212 a2 0:5 � a � X1 a � X5 12 0:5 � a � X

The equilibrium constant can be computed as below (and plotted in

Fig. 7E7.1):

Kp 5
PSO3

PSO2
� P0:5

O2

5

a � ðXÞ
12

aUX
2

PT

2
66664

3
77775

a � ð12XÞ
12

a � X
2

PT

2
66664

3
77775

0:212a2
a � X
2

12
a � X
2

PT

2
66664

3
77775

0:5

5

X �
"
12

a � X
2

#0:5

ð12XÞ
"
0:212a2

a � X
2

#0:5
P0:5
T

Table 7E7.1 Balances to Sulfur Burning and Equilibrium Stages

S-SO2 SO2-SO3

Initial Final Initial Equilibrium

SO2 � a a a�(12X)
N2 0.79 0.79 0.79 0.79
O2 0.21 0.212 a 0.212 a 0.212 a2 0.5�a�X
SO3 � a�X
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For the first bed, we perform an energy balance:

X
iAout

ni �
ðTout
Tref

cpdT 2
X
iAin

ni �
ðTin
Tref

cpdT 5ΔHr

nSO3

ðTout
Tref

cpdT1nSO2

ðTout
Tref

cpdT1nN2

ðTout
Tref

cpdT1nO2

ðTout
Tref

cpdT
���
out

2

nSO3

ðTin
Tref

cpdT1nSO2

ðTin
Tref

cpdT1nN2

ðTin
Tref

cpdT1nO2

ðTin
Tref

cpdT
���
in
5ΔHr

nSO2
X

ðTout
Tin

cpdT 1 nSO2
ð12XÞ

ðTin
Tref

cpdT 1 nN2

ðTout
Tin

cpdT 1 nO2
2 nSO2

X
� � ðTout

Tin

cpdT5ΔHr

Assuming constant heat capacity for the mixture and the fact that the

moles of gas are almost constant in the bed, the balance becomes linear:

nT;1 � cp;mixðT2 ToÞ5 ð12 0:5 � a � XÞ � cp;mixðT 2ToÞ5 a � X � 23; 200
cp;mixðT 2ToÞ5 a � X � 23; 200

T5
1

cp;mix

aUXU23; 2001 To 5 ð4001 273Þ1 293:7X

FIGURE 7E7.1

Equilibrium curve.

380 CHAPTER 7 Sulfuric acid



This straight line reaches the equilibrium line. For the sake of argu-

ment, we fit the equilibrium curve to a polynomial as a function of temper-

ature in order to solve the conversion at each bed. X is the conversion, and

T is the temperature in K:

X52 4:7106 � 10216T6 1 2:3838 � 10212T5 2 4:9151 � 10209T4 1 5:2914 � 10206T3

2 3:1449 � 10203T2 1 9:8094 � 10201T � 1:2473 � 102

By solving the energy balance and the equilibrium line simultaneously,

we have X5 0.7 and T5 881K; see Fig. 7E7.2. However, the conversion is

only 97% of that: 0.686.

For the second bed, the gas is cooled with no progress in the conver-

sion; see the horizontal line in Fig. 7E7.3. The energy balance uses the

flow rate exiting the first bed as a starting point and assumes that there is

not a large change in the flow across the bed. Note that the equilibrium is

computed with respect to total conversion and therefore X is the global

conversion, not the one reached at each bed. Thus, the energy balance

becomes (Fig. 7E7.3):

nT;2ini � cp;mixðT 2ToÞ5 a � ðX2X1Þ � 23; 200
0:965 cp;mixðT 2 ToÞ5 a � ðX2 0:686Þ � 23; 200

T5
1

0:965Ucp;mix

a � ðX2 0:686Þ � 23; 2001 To 5 ð4501 273Þ1 304:1ðX2 0:686Þ

FIGURE 7E7.2

First bed operation.
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By solving the equilibrium and the energy balance we have X5 0.91 at

T5 787K. Again, only 97% of the equilibrium is reached; thus, X5 0.89.

For the third bed, the procedure is repeated. The energy balance is as

follows:

nT ;3ini � cp;mixðT 2ToÞ5 a � ðX2X2Þ � 23; 200
0:956 cp;mixðT 2ToÞ5 a � ðX2 0:89Þ � 23; 200

T5
1

0:956Ucp;mix

a � ðX2 0:89ÞU232001To 5 ð4501 273Þ1 307ðX2 0:89Þ

The conversion becomes 0.97 at 739K. Thus 0.94 is the actual conver-

sion (Fig. 7E7.4).

For the last bed we have the following:

nT ;4ini � cp;mixðT 2ToÞ5 a � ðX2X3Þ � 23; 200
0:955 cp;mixðT2 ToÞ5 a � ðX2 0:94Þ � 23; 200

T 5
1

0:955 � cp;mix

a � ðX2 0:94ÞU23; 2001To 5 ð4301 273Þ1 307:4ðX2 0:94Þ

The computed conversion is 0.98 at 722K. The actual one is 0.95; see

Fig. 7E7.5.

The summary of the mass balances for each of the beds is presented

below. Note that the total molar flow is the one used as nT,ini for each bed

(Table 7E7.2).

FIGURE 7E7.3

Second bed operation.
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FIGURE 7E7.5

Fourth bed operation.

Table 7E7.2 Gas Composition After Each Bed

Feed 1st Bed 2nd Bed 3rd Bed 4th Bed

SO2 0.1 0.0314 0.0111 0.0058 0.0049
N2 0.79 0.7900 0.7900 0.7900 0.7900
O2 0.11 0.0757 0.0655 0.0629 0.0624
SO3 0 0.0686 0.0889 0.0942 0.0995
nT 1 0.9657 0.9555 0.9529 0.9526

FIGURE 7E7.4

Third bed operation.
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7.3.3.3.2 Oxidation kinetics

In the previous section, only the equilibrium is evaluated to design the reactor.

However, the bed depth depends on the kinetics, which is a function of the

catalysts—platinum, iron oxide, and V2O5 (Fogler, 1997).

The mechanism of the reaction is suggested to be the following:

SO2 1Cat-O-SO3 1Cat

Cat1O2-Cat-O

SO3 1Cat-SO2 1Cat-O

The kinetics of the reaction were established by Eklund (1956):

2r0SO2
5 k

ffiffiffiffiffiffiffiffiffi
PSO2

PSO3

s
PO2

2
PSO3

KpUPSO2

� 	2" #
(7.4)

where k is a function of the catalyst and the geometry, and Pi is the partial

pressure of each species. For the example, based on the data from Eklund’s paper,

the catalyst is V2O5 supported on volcanic rock with a volumetric density of

33.8 lb/ft3. In the following example, we determine the depth of a catalytic bed

in a converter for SO3 production.

EXAMPLE 7.8

The first bed of a converter is fed with a flow rate of 467.1292 mol/s at

2 atm and 750K. Out of that, 51.42 mol/s is SO2. The aim is to reach 50%

conversion at the end of the bed. The diameter of the converter is 6.650 m,

and the catalyst properties, porosity, particle diameter, and apparent density

are given below. Determine the depth of the catalytic bed.

φ5 0:45

Dp 5 0:00457 m

Ac 5 34:715 m2

ρb 5 542 kg=m3

Solution
We assume a plug flow reactor where the sulfur dioxide comes from sulfur

burning. With the information provided, and a5 0.11, the mass balance for

the sulfur burner and the first bed is as shown in Table 7E8.1.

Kinetics of the reactor:

FAo

dX

dW
52 r0A

If the conversion is below 5%, the reaction rate does not depend on the

conversion, and is therefore given as:

x# 0:05

2 rSO2
52 rSO2

ðX5 0:05Þ
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The reaction rate is given by:

2r0SO2
5 k

ffiffiffiffiffiffiffiffiffi
PSO2

PSO3

s
PO2

2
PSO3

KpPSO2

� 	2" #

The equilibrium constant is given as:

Kp 5 0:0031415 exp
42:311

1:987 � ð1:8 � T 2 273:15Þ1 491:67
2 11:24

� 	

Kp [5 ] Pa20.5, T [5 ] K

For the rate constant (based on Eklund’s (1956) results) we have:

k5 9:86U1026

exp
2176008

ðð1:8UT2 273:15Þ1 491:67Þ2110:1lnððð1:8UT 2 273:15Þ1 491:67ÞÞ1 912:8

2
4

3
5

k is in mol of SO2/kg cat S�Pa, while T is in K.

The stoichiometrics of the reaction are as follows:

SO2 1
1

2
O2 1N22SO3 1N2

FAo
FBo

FCo

FAo
ð12XÞ FBo

2
1

2
FAo

X FCo
FAo

X

Θi 5
Fio

FAo

FT 5FAo

�
ð12 xÞ1ΘO2

2
1

2
X1ΘN2

1ΘSO3
1X

�
5FAo

ð11ΘO2
1ΘN2

1ΘSO3
Þ1FAo

δX

δ52
1

2

FT 5FTo 1FAo
δX

Table 7E8.1 Mass Balance for SO3 Production From Sulfur

S1O2-SO2 SO21 (1/2)O2’-SO3

Initial Final Initial

SO2 � a a
N2 0.79 0.79 0.79
O2 0.21 0.212 a 0.212 a
SO3 �
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Assuming ideal gases:

CT 5
FT

v
5

P

RT

CTo 5
FTo

vo
5

Po

RTo

Dividing both:

v5 vo
Po

P

T

To

FT

FTo

5 vo
Po

P

T

To

FTo 1FAo
δX

FTo

5 vo
Po

P

T

To
11

FAo

FTo

δX
� 	

The concentration of the species i is as follows:

Ci 5
Fi

v
5

Fi

vo
Po

P

T

To

FT

FTo

5CTo

Fi

FT

P

Po

To

T

Ci 5CTo

Fi

FTo 1FAo
δX

P

Po

To

T
5CTo

FAo
ðΘi 1 viXÞ

FTo 1FAo
δX

P

Po

To

T

Dividing both:

Ci 5CTo

FAo

FTo

ðΘi 1 viXÞ
11 FAo

=FTo

� �
δX

P

Po

To

T
5CAo

ðΘi 1 viXÞ
11 εX

P

Po

To

T

ε5 yAo
δ5 FAo

=FTo

� �
δ

Thus, the partial pressure of component i is the following:

Pi 5CiRT 5CAo

To

Po

ðΘi 1 viXÞ
11 εX

RUP5PAo

ðΘi 1 viXÞ
11 εX

P

Po

PAo
5CAo

RTo

Therefore, the kinetics of the reaction become:

2r0SO2
5 k

ffiffiffiffiffiffiffiffiffi
PSO2

PSO3

s
PO2

2
PSO3

KpUPSO2

� 	2" #
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dx

dW
5

2 r0SO2

FAo

5
k

FAo

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
PSO2 ;o

12X

11 εX

� 	
P

Po

PSO2 ;o
01X

11 εX

� 	
P

Po

vuuuuut

PSO2 ;o
ΘO2

2 1
2
X

11 εX

� 	
P

Po

2

PSO2 ;o

�
01X

11εX

	
P

Po

KpPSO2 ;o

�
12X

11εX

	
P

Po

0
BB@

1
CCA

2
2
6664

3
7775

5
k

FAo

ffiffiffiffiffiffiffiffiffiffiffiffi
12X

ðXÞ

s
PSO2 ;o

 
ΘO2

2 1
2
X

11 εX

!
P

Po

2

 X

Kpð12XÞ
�2" #

ε5 δyAo
52

1

2

0:10

0:11 0:111 0:79
52 0:05

PSO2 ;o 5PTySO2 ;o 5 202650U0:15 20265 Pa

ΘO2
5

0:11

0:1
5 1:1

ΘN2
5

0:79

0:1
5 7:9

FAo5 51.42 mol/s

dX

dW
5

2 r0SO2

FAo

5
k

0:00237

ffiffiffiffiffiffiffiffiffiffiffiffi
12X

ðXÞ

s
20; 265

1:12 1
2
X

12 0:05X

� 	
P

Po

2
X

Kpð12XÞ

� 	2" #

The energy balance is as follows:

_Q2Ws 2FAo

Xn
i51

ðT
Tio

Θicp;idT 2 ΔHRðTRÞ1
ðT
TR

ΔcpdT

2
4

3
5FAo

X5 0

d _Q

dV
2FAo

Xn
i51

Θicp;i 1XΔcp

 !
dT

dV
2 ΔHRðTRÞ1

ðT
TR

ΔcpdT

2
4

3
5FAo

dX

dV
5 0

2 rA 5FAo

dX

dV

Assuming adiabatic operation of the bed:

dT

dW
5

ð2 rAÞ ΔHRðTRÞ1
ðT
TR

ΔcpdT

2
4

3
5

FAo

Xn
i51

Θicp;i 1XΔcp

 !
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Thus the heat of reaction is computed as:

ΔHRð298KÞ52 98480 J=mol SO2

cp;SO2
5 23:8521 66:989U1023T2 4:961U1025T2 1 13:281U1029T3

cp;O2
5 28:1062 3:680U1026T1 17:459U1026T2 2 1:065U1028T3

cp;SO3
5 16:3701 14:591U1022T2 1:120U1024T2 1 32:324U1029T3

cp;N2
5 31:1502 1:357U1022T1 26:796U1026T2 2 1:168U1028T3

where cp is in J/mol K, and temperature (T) is in K (Sinnot, 1999):

ΔHR 5ΔHRðTRÞ1
ðT
TR

ΔcpdT

5ΔHRðTRÞ1ΔαðT 2TRÞ1
Δβ
2

ðT2 2 T2
RÞ1

Δγ
3

ðT3 2 T3
RÞ1

Δξ
4

ðT4 2 T4
RÞ

Δα5αSO3
2

1

2
αO2

2αSO2
5 16:3702 0:5ð28:106Þ2 23:85252 21:535

Δβ5 0:07892

Δγ52 7112U1025

Δξ5 24; 467U1028

ΔHR 52 98; 4802 21:535ðT 2 298Þ1 0:0395ðT2 2 2982Þ2 2:371U1025ðT3 2 2983Þ
1 6:11675U1029ðT4 2 2984Þ

Δcp 5Δα1ΔβT1ΔγT2 52 21:5351 0:0789T2 7:112U1025T2 1 2:447U1028T3P
Θicp;i 5 300:852 0:0402T1 0:00018T2 2 9:071U1028T3

The pressure drop along the tube is given by the Ergun equation:

dP

dz
52

Gð12φÞ
ρDpφ3

150ð12φÞμ
Dp

1 1:752G

� �

G is the superficial mass velocity (kg/m2 s), φ is the porosity of the

bed, Dp is the particle diameter (m), μ is the viscosity of the gas (Pa�s),
and ρ is the gas density (kg/m3) that can be found in Fogler (1997):

dP

dz
52

Gð12φÞ
ρogcDpφ3

150ð12φÞμ
Dp

1 1:752G

2
4

3
5Po

P

T

To

FT

FTo

G5

X
i

FioMi

Ac

5 0:433
kg

m2s

ρo 5 0:866 kg=m3

μ5 3:72U1025Pa � s
Ac 5πD24

W 5 ρbAcz
dP

dW
52

Gð12φÞð11 εXÞ
ρbAcρogcDpφ3

150ð12φÞμ
Dp

1 1:752G

2
4

3
5Po

P

T

To

μ � cte
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To solve the problem we use MATLAB. For further notes on the use of

MATLAB for solving chemical reactors we refer the reader to Martı́n (2014).

M file: ReactorSO2

[a,b]5ode15s(‘ReacSI’,[0 5000],[0,750,202650]);

plot(a,b(:,1))
xlabel(‘W (kg)’)
ylabel(‘X’)
figure
plot(a,b(:,2))
xlabel(‘W (kg)’)
ylabel(‘T (K)’)
figure
plot(a,b(:,3))
xlabel(‘W (kg)’)
ylabel(‘P (Pa)’)

M file: Reac

function Reactor5ReacSI(w,x)

X5x(1);
T5x(2);
Presion5x(3);

k59.8692e23�exp(2176008/(1.8�(T2273.15)1491.67)
2110.1�log((1.8�(T-273.15)1491.67))1912.8);

Kp50.0031415�exp(42311/(1.987�(1.8�(T2273.15)1491.67))211.24);
Pto5202650;
ySO2o50.11;
yO2o50.1;
yN2o50.79;
PhiO25yO2o/ySO2o;
PSO2o5Pto�ySO2o;
Fto5467.1292;
Fao5Fto�ySO2o;
epsilon5-0.055;
G50.433;
ph50.45;
rhoo50.866;
Dp50.00457;
visc53.72e-5;
Ac53.14�(6.650/2)^2;
rhob5542;
To5750;
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sumCp5272.7720.0303�T10.000158�T^228.016e28�T^3;
dCp5 221.53510.0789�T27.112�10^(25)�T^212.447e28�T^3;
deltaHr5 298480221.535�(T2298)10.0395�(T^22298^2)2

2.371�10^(25)�(T^32298^3)16.117�10^(29)�(T^42298^4);

if X,0.05;
ra5 2k�((120.05)/0.05)^(0.5)�(PSO2o�((PhiO220.5�X)/
(11epsilon�0.05))�(Presion/Pto)2(0.05/(Kp�(120.05)))^2);
else
ra5 2k�((1-X)/X)^(0.5)�(PSO2o�((PhiO220.5�X)/
(11epsilon�X))�(Presion/Pto)2(X/(Kp�(12X)))^2);

end

Reactor(1,1)5 2ra/Fao;
Reactor(2,1)5((2ra)�(2deltaHr))/(Fao�(sumCp1X�dCp));
Reactor(3,1)5 2G�(12ph)�(11epsilon�X)�Pto�T�(150�(12ph)�

visc/Dp11.75�G)/(rhob�Ac�rhoo�Dp�ph^3�To�Presion);

The solution is summarized in the two figures below for the conversion

and the temperature profiles. We need 1600 kg of catalyst. We see that the

temperature increases 120K since it operates adiabatically (Fig. 7E8.1).

Based on the geometry of the converter and the density, we need:

Ac 5πD24

W 5 ρbAcz

z5 0:09 m
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FIGURE 7E8.1

Conversion and temperature profiles as a function of the catalyst load.
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7.3.3.3.3 SO3 absorption

The SO3 produced is sent to absorption columns where it is put into contact with

water. Typically, the water remains in a solution of sulfuric acid. It is a chemical

absorption:

SO3 1H2O-H2SO4

The process is highly exothermic, and the formation enthalpy of sulfuric acid

is as follows:

SO2ðgÞ1
1

2
O2ðgÞ1H2OðlÞ3H2SO4ðlÞ ΔHf;25

%
oC 52 54; 633 kcal

Apart from the formation itself, if the sulfuric acid is diluted, solution

enthalpies must be considered too. In this section we design one such a column.

EXAMPLE 7.9

Compute the length of an absorption tower for the production of H2SO4 so

that we absorb 95% of the incoming SO3. Assume isothermal operation

(Fig. 7E9.1).

Solution
The kinetics are as follows:

2rA 5 k2½SO3�½H2O�5 k2½CSO3
2CSO3 ;oX�½CH2O 2CSO3 ;oX�

FIGURE 7E9.1

Gas�liquid contact in the absorption column.
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However, the reaction rate is limited by diffusion:

2rA 5
rDL

ZL
ðCSO3 ;i 2CSO3 ;LÞ

where r is the ratio between the film thickness for absorption and that for

chemical reaction. According to Krevelen and Hoftyzer (Goodhead and

Abowei, 2014), r is defined as:

r5
ðk2DLCH2O;LÞ1=2

KL

where KL is the mass transfer coefficient, and DL is the SO3 diffusivity.

Therefore, the reaction rate becomes:

2rA 5 k
1=2
2 � D1=2

L CSO3
� C1=2

H2O;L

Based on basic reaction kinetics of a bimolecular reaction, the con-

verted mass is computed as CSO3
X. Thus, the equation becomes:

2rA 5 k
1=2
2 � D1=2

L C
3=2
SO3;o

CH2O;o

CSO3 ;o
2X

� 	1=2
ð12XÞ

Assuming that the tower behaves as a plug flow reactor, the design

equation becomes:

2rA 5
2 dFA

dV
5FAo

dX

dV
5 k

1=2
2 � D1=2

L C
3=2
SO3 ;o

CH2O;o

CSO3 ;o
2X

� 	1=2
ð12XÞ

Rearranging the terms:

FAo

dX

k
1=2
2 � D1=2

L C
3=2
SO3 ;o

CH2O;o

CSO3 ;o
2X

� 	1=2
ð12XÞ

5 dV

FAo

k
1=2
2 � D1=2

L C
3=2
SO3 ;o

ð
dX

CH2O;o

CSO3 ;o
2X

� 	1=2
ð12XÞ

5V

FAo

k
1=2
2 � D1=2

L C
3=2
SO3 ;o

2ðm2XÞ1=2
12X

2
4

3
55V 5

πD2
RLR

4

4FAo

πD2
R � k1=22 � D1=2

L C
3=2
SO3 ;o

2ðm2XÞ1=2
12X

2
4

3
55 LR

Table 7E9.1 gives information on the parameters needed for the tower

design.
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It is assumed that the tower operates isothermally. Thus, the energy to

be removed is computed as:

Q5 ð2ΔHrÞFSO3 ;oX

Solving the problem, we have L5 34.7 m.

Apart from the kinetics, the flow through a tower has a pressure drop.

The pressure drop across the absorption tower is given by the Ergun equation,

and depends on the type of packing. An empirical correlation was developed by

Cameron and Chang (2010):

ΔPB

L
5C2

12 ε
ε

� 	
F2
s exp C3VL½ � (7.5)

The pressure drop given by Eq. (7.5) must be corrected to include that of the

loading region so that:

ΔP

L
5

ΔPB

L
� exp C4

ΔPB

L

� 	2" #
(7.6)

where C2, C3, and C4 are adjustable parameters that can be seen in Table 7.4.

VL is the irrigation rate (ft/s) based on an empty tower. Fs is the ratio between the

Table 7E9.1 Data for the Column Operation

CSO3 ;o 15 mol/m3

k2 0.3 1/s
FSO3 ;o 4 mol/s
DR 0.1 m
m 1
DL 17 m2/s
Vo 2.33 1024 m3/s

Table 7.4 Coefficients for Pressure Drop Estimation
(Cameron and Chang, 2010)

Packing Type Size (in) C2 C3 C4

Standard saddle 1 0.69 22.33 1.6
Standard saddle 1.5 0.38 22.33 1.6
Standard saddle 2 0.21 22.33 1.6
Standard saddle 3 0.15 22.33 1.6
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gas velocity across an empty tower and the density as V/ρ0.5, and ε is the porosity

of the tower, typically around 0.75.

The diameter is computed (as in typical absorption towers) using the load-

ing line for determining the K parameter, and the following set of equations

(Sinnot, 1999):

D5

ffiffiffiffiffiffi
4A

π

s

A5
Mass

G

G5%Loading

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
KρGðρG 2 ρLÞ

13:1UFpðm21Þ
�
μL

ρL

	0:1
vuuuut

%Loading 5 100

�
K

Kfloading

	0:5

(7.7)

7.3.3.3.4 Mixing tanks: heat of solution

When mixing acids or acid solutions there is a certain energy involved.

In Fig. 7.11 the integral heat of solution for sulfuric acid is presented at 25�C.
The mixture is exothermic and can result in the evaporation of water. Therefore,

apart from the health and safety issues related to acid solution mixing, the

concentration of the resulting mixture is to be carefully computed to account for

that (Houghen et al., 1959). Example 7.10 presents such a case. We compute the

energy involved in the mixing using enthalpy concentration diagrams.

FIGURE 7.11

Integral heat of dilution of sulfuric acid at 25�C.
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EXAMPLE 7.10

Mixtures of water and sulfuric acid solutions. A flow rate of 1 kg/s of

H2SO4 at 70�C is mixed with a solution of 1 kg/s of a solution of 15%

H2SO4 at 85�C in a tank at 1 atm. Determine the composition of the final

mixture.

Solution.
We can determine the final composition using the integral heat of dilution,

but it is easier to use an enthalpy diagram (see below). We locate the

points for both solutions in the diagram. The lever rule can be used as a

rough estimate to identify whether there will be water evaporation or not.

We see that for a 1:1 mixture the product will be above the boiling point

curve. Therefore, the energy generated is enough to boil the water.

Performing a mass balance we compute the point if no water is evaporated:

F1 � x1 1F2 � x2 5Fm � xm.xm 5
1

Fm

ðF1 � x1 1F2 � x2Þ5
1

2
ð1 � 11 1 � 0:15Þ5 0:575

Using Fig. 7E10.1, the composition of the final liquid mixture is deter-

mined by projecting the point into the boiling point curve (as presented in

the figure). Thus, the composition of the liquid mixture is 60% sulfuric

acid, and the rest of the water has evaporated.

Now we compute the composition by performing mass and energy

balances:

F1; 70
�C-158�F; 40 BTU=lb5 22:22 kcal=kg

F2; 85
�C-185�F; 95 BTU=lb5 52:78 kcal=kg

If the mixture reaches the boiling point and the water evaporates, it is

concentrated. For a mixture of 57.5%, its enthalpy becomes:

Hm 5 ð57:50% and teb 5 138�C5 280�FÞ5 0

The energy balance states that the flow enthalpy of the feed streams is

as follows:

F1 � H1 1F2 � H2 5 75.Hm

Then, the mixture evaporates water. Therefore, the mass and energy

balances must be rewritten to account for water evaporation:

Mass balance

F1 � x1 1F2 � x2 5 ðFT 2 yÞ � xm
Energy balance:

F1 � H1 1F2 � H2 5 ðFT 2 yÞ � Hm 1 yHvap

Hvap 5Hvap;sat 1 atm 1 cpΔT
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To solve the system, we assume y, compute xm, and see if the energy

balance holds. Alternatively, since we already have an estimate for the

concentration of the mixture from the diagram, we can use that as xm and

compute the water that evaporates:

xm 5 0:6

The boiling point is 290�F (ie, 143�C).
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FIGURE 7E10.1

Mix of sulfuric acid streams.
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Thus the enthalpy of the overheated steam is as follows:

Hvap 5Hvap;100�C 1 cpΔT 5 638:91 0:46 � ð1432 100Þ5 658:7 kcal=kg

yðMass balanceÞ5FT � ðF1 � x1 1F2 � x2Þ=xm 5 22 ð1 � 11 1 � 0:15Þ=0:65 0:083

yðenergy balanceÞ5 F1 � H1 1F2 � H2 2FTHm

ðHvap 2HmÞ
5

752 2 � 0
658:72 0

5 0:11

The small difference is due to reading the enthalpy values in the figure.

Thus approximately 0.1 is the fraction evaporated.

7.4 PROBLEMS
P7.1. A mixture of SO2, O2, and N2 from sulfur burning with dry air is fed to

a converter. The mixture contains 8% per volume of SO2. The gas is

fed to the converter at 415�C and 1 atm. The converter oxidizes SO2

to SO3 using two beds with intercooling. Assume that the equilibrium

conversion is reached at each of the beds (which operate adiabatically).

Select between both equilibrium curves below (Fig. P7.1A and B).

Determine the composition of the gases exiting each bed and the cooling

temperature after the second. Compute the temperature at which the

gases from the first bed must be cooled down to so that the final

conversion is 95%.

SO21
1

2
O23SO3

Kp5
PSO3

PSO2
UP0:5

O2

; log10ðKpÞ5
4956

TðKÞ 2 4:678

ΔHr 5 23; 200
kcal

kmol
; cp57:9

kcal

kmol�C
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P7.2. A mixture of SO2, O2, and N2 from sulfur burning with dry air is fed to

a converter. The converter oxidizes SO2 to SO3 using two beds with

intercooling. The gas is fed to the converter at 415�C and 1 atm. The

conversion obtained is 95% and the gases exit at 767K. The gases are
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FIGURE P7.1

(A) Conversion versus temperature diagram A. (B) Conversion versus temperature

diagram B.
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fed to the second bed at 450�C. Assume that the equilibrium conversion

is achieved at each bed and that both operate adiabatically. Plot the

equilibrium curve under the operating conditions, and compute the

conversion reached after the first bed and the composition of the gases

entering and exiting the converter.

SO2 1
1

2
O23SO3

Kp 5
PSO3

PSO2
UP0:5

O2

log10ðKpÞ5
4956

TðKÞ 2 4:678

ΔHr 5 23; 200
kcal

kmol

cp 5 7:9
kcal

kmol�C

P7.3. A mixture of SO2, O2, and N2 from sulfur burning using dry air is fed to

a converter. The mixture contains 10% per volume of SO2. The gas is

fed to the converter at 415�C and 1 atm. The converter oxidizes SO2 to

SO3 using two beds with intercooling. Assume that the equilibrium

conversion is reached at each one of the beds (which operate

adiabatically). After the first bed, the stream is sent to an absorption

tower where all the SO3 is removed. The gases are recycled to the

reactor and fed to the second bed at 450�C. Determine the equilibrium

curve for each bed and the conversion after the first bed as well as the

global conversion of the converter.

SO2 1
1

2
O23SO3

Kp 5
PSO3

PSO2
UP0:5

O2

where log10ðKpÞ5
4956

TðKÞ 2 4:678

ΔHr 5 23; 200
kcal

kmol

cp 5 7:9
kcal

kmol�C

P7.4. Sulfur dioxide for the production of sulfuric acid is produced from pyrite

roasting. The furnace is fed with pyrite (FeS2) that contains moisture

and inert slag. The facilities manager believes that the composition in

the contract is not correct based on the products obtained. Air is fed at

25�C and 700 mmHg with a relative humidity of 40%. The gas product
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has a dew point of 12.5�C and the furnace is operated with twice the

stoichiometric oxygen. The slag collected after 10 min contains 0.36 t of

FeS, 36 t of Fe2O3, and 6.6 t of inert slag. Determine the composition of

the mineral that was sold to the plant and the heat losses, assuming

cp,slag5 0.16 kcal/kg K and the pyrite is fed to the furnace at 25�C.

P7.5. The gases from pyrite burning are fed to a Glover Tower where a fraction

of the SO2 is transformed into H2SO4. Together with the gas, a stream

consisting of 592 kg (77% H2SO4, 22% H2O, and 1% N2O3) comes from

a Gay-Lussac Tower, and another one from lead chambers (178 kg of

H2SO4, 64%); we feed 1.32 kg of HNO3 as catalyst makeup. From the

tower we obtain 770 kg of acid (78%); see Fig. P7.5. Determine the

conversion of SO2 and the composition of the product gas.

P7.6. Determine the conversion reached in a 25 m tall tower for the absorption

of SO3 to produce H2SO4. Assume that the kinetic rate is given by the

following equation:

2rA 5 k
1=2
2 � D1=2

L CSO3
� C1=2

H2O;L

P7.7. The feed to the chambers (at 91�C) is given in Table P7.7. Water is fed at

25�C. The unconverted gases have a dew point of 2�C at 1 atm. These gases

are fed to the Gay-Lussac Tower at 40�C. The liquid product, 178 kg of

FIGURE P7.5

Scheme of Glover Tower.
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sulfuric acid (64% by weight), exits the chambers at 91�C. Compute the

conversion of SO2 in the lead chambers, the water added, and an energy

balance to the lead chambers. See Fig. P7.7 for the process scheme.

P7.8. A stream of 467.1292 mol/s at 2 atm and 750K is fed to a catalytic

multibed converter. The gas comes from burning sulfur, and 51.42 mol/s

of the stream is SO2. Determine the equilibrium conversion and the final

temperature after the first catalytic bed. The converter has a diameter of

6.650 m; the catalyst features are given below:

φ5 0:45
Dp 5 0:00457 m

Ac 5 34:715 m2

ρb 5 542 kg=m3

Table P7.7 Data on Gas Composition

kmol kg

N2 15.5612727 435.715636
O2 1.95656918 62.6102137
H2O 1.41367395 25.4461312
SO2 1.1921243 76.2959555
NO 0.16332356 4.89970694
Total 20.2869637 604.967644
Temp (K) 364

FIGURE P7.7

Scheme of lead chamber process.
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P7.9. Compute the amount of sulfuric acid 98% required to absorb 99.9% of

the SO3 in the gases from the third catalytic bed (see Table P7.9), and

the acid temperature. The product has a composition of 99%, the gases

are at 200�C, and the acid is fed at 90�C. The unabsorbed gases exit at

90�C and we remove 6500 kcal/s using cooling.

P7.10. Evaluate a sulfuric acid production facility that uses the contact method

with one absorber. Humid air at 25�C and relative humidity of 0.55 is

dried using sulfuric acid 99%, the product. The acid gets diluted to 98%

and is used to absorb SO3 produced at the converter. Assume that the

molar ratio of dry air to sulfur is 10:1. Sulfur is burned with the dry air

to produce SO2. The gas mixture is sent to the converter, which achieves

98% conversion to SO3. This stream is sent to the absorber. In the

absorber, water, sulfuric acid 98%, and the gas are put into contact so

that sulfuric acid 99% is produced. Compute the amount of sulfuric acid

produced (99%), the flowrate of H2SO4 98%, the flow rate of water fed

to the absorption tower, and the fraction of sulfuric acid used to dry the

initial air. Determine the temperature of operation at the converter

assuming isothermal operation at 1 atm.

P7.11. Evaluate a sulfuric acid production facility that uses the contact method

with one absorber. Humid air at 25�C and relative humidity of 0.55 is

dried using sulfuric acid 99%, the product. The acid gets diluted to 98%

and is used to absorb SO3 produced at the converter. Assume that the

molar ratio of dry air to sulfur is 10:1. Sulfur is burned with the dry air

producing SO2. The gas mixture is sent to the converter, which operates

isothermally at 1.5 atm and 700K. This stream is sent to the absorber.

In the absorber, water, sulfuric acid 98%, and the gas are put into

contact so that sulfuric acid 99% is produced. Compute the amount of

sulfuric acid produced (99%), the flowrate of H2SO4 98%, the flow

rate of water fed to the absorption tower, and the fraction of sulfuric

acid used to dry the initial air.

Table P7.9 Gas Composition Exiting 3rd Bed

3rd Bed (kmol/s)

SO2 0.01071494
N2 0.79
O2 0.06535747
SO3 0.08928506

0.95535747
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P7.12. To produce sulfuric acid using the lead chamber process, SO2 is

produced by burning sulfur. Sulfur (100 kg/h) with 10% inert slag are

fed to the furnace. The sulfur is fed at 25�C. Humid air—100% excess

with respect to the stoichiometric one—is fed at 25�C and 700 mmHg.

The gases leaving the furnace have a dew point of 12.5�C and are at

450�C; the slag is collected at 400�C (cp5 0.16 kcal/kg). Determine the

composition of the gases if all the sulfur is burned to SO2, the air

moisture, and the heat loss of the burner.

P7.13. The gas leaving the furnace from P7.12 is fed into the chamber system.

The aim is to produce sulfuric acid 64%. 0.005 mol of HNO3 per mol of

SO2 are also fed in the form of an aqueous solution 40% w. Determine

the gas composition and the water fed for a conversion of SO2 to

sulfuric acid of 95%. The gas product has a dew point of 10�C at

760 mmHg.

P7.14. Using a process simulator (ie, CHEMCAD, ASPEN), model a four bed

reactor for the oxidation of SO2 to SO3 assuming that equilibrium

is reached after each bed. The feed consists of 10% SO2, 11% O2,

and 79% N2 at 750K and 1 atm. Assume that equilibrium is reached at

each bed:

a. Determine the cooling needs after each bed and the conversion after

each bed to reach at least 98% conversion after the four beds.

b. Explain what happens if after the third bed, SO3 is removed from the

system.
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CHAPTER

8Biomass

8.1 BIOMASS TYPES AND PREPROCESSING
In this chapter we focus on the processing of different types of biomass for the

production of chemicals, fuels, and power; paper and penicillin will also be

described. It is interesting to note that by stopping the treatment process at an early

stage, we can produce natural polymers such as cellulose, hemicellulose, lignin,

and rubber. We also evaluate the production of synthetic rubber, an attempt to

match the properties of a natural polymer. We start by describing the chemical

composition of several common raw materials.

8.1.1 GRAIN

Grain is a source of carbohydrates—the raw material for first-generation

bioethanol—as well as protein and fat. Wheat and corn grain are made of starch,

a natural polymer that consists of glucose molecules, as seen in Fig. 8.1.

The pretreatment of the grain consists of breaking bonds to obtain sugar

monomers of glucose. The process consists of liquefaction, and takes place at

90�C and a pH from 6 to 6.5 for 30 min. The starch is broken into maltose. In a

second step, the maltose is further hydrolyzed at 65�C and pH 5.5 for 30 min

(ie, saccharification) to obtain glucose. These are the reactions:

2ðC6H10O5Þn 1 nH2O ����!α-Amylase
nC12H22O11

C12H22O111 H2O ����!Glucoamylase
2C6H12O6

8.1.2 LIGNOCELLULOSIC BIOMASS

Although grain is an interesting source of sugars, its use for biofuel production

poses an ethical dilemma because it competes with the food supply chain. Thus,

second-generation biofuels are based on the use of biomass that does not compete

with the food chain, either in terms of final use of the product or acreage.

Lignocellulosic raw materials consist of cellulose, hemicellulose, and lignin.

405Industrial Chemical Process Analysis and Design. DOI: http://dx.doi.org/10.1016/B978-0-08-101093-8.00022-7

© 2016 Elsevier Ltd. All rights reserved.

http://dx.doi.org/10.1016/B978-0-08-101093-8.00022-7


Lignin provides structure to the plant, hemicelluose is responsible for internal

structure, and cellulose is the internal polymer. Lignin is a polymer of aromatic

monomers, while hemicellulose and cellulose are made of sugar monomers.

Fig. 8.2 shows the structure of a plant and the chemical composition of the main

components of the plant wall. A number of uses for lignocellulosic raw materials

are highlighted: biooil, syngas, sugar, and paper production.
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Lignocellulosic biomass structure.
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8.1.2.1 Biooil production
This is a thermochemical path used to partially break the biomass into medium-size

chemicals. It operates at medium temperatures, and the composition of the products

depends on the rate of the process. The faster the process, the higher the liquid

content (see Fig. 8.3). Gas and char are also produced. Thus, fast pyrolysis is recom-

mended for chemicals and fuels production. The main drawback of the process is

the wide range of products generated and their high corrosivity. An upgrade to the

process is therefore required for proper further use of the biooil. Hydrocracking and

catalytic cracking are two methods for upgrading (see Chapter 5: Syngas).

8.1.2.2 Syngas production
Syngas production from biomass is similar to that from any other carbonous

substrates. It consists of the partial oxidation of biomass at high temperature

(1000�C) to produce a gas phase. The difference lies in the composition of the

gas. In addition to carbon monoxide (CO), carbon dioxide (CO2), hydrogen

(H2), hydrocarbons, tar, and char, we also find hydrogen sulfide (H2S) and

ammonia (NH3). Thus, raw syngas follows the gas cleaning process. Therefore,

we refer the reader to Chapter 5, Syngas for further descriptions of the gasifica-

tion and gas purification steps.

8.1.2.3 Sugar production
Sugar production from lignocellulosic biomass uses moderate pretreatment

processes (below 200�C) to break plant structures down only as far as their mono-

mers. The pretreatments can be classified into physicochemical, chemical, and

enzymatic. The aim is to expose the sugar-containing polymers, namely cellulose

FIGURE 8.3

Relative composition of the products for thermochemical biomass processing.
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and hemicellulose; this makes them more accessible for hydrolysis to sugars.

Fig. 8.4 shows the desired effect of pretreatment: breakage of the physical struc-

ture into pieces.

8.1.2.3.1 Physicochemical processes

These processes are based on the use of CO2, steam, or NH3 under pressure;

when the pressure is released, the biomass structure is broken. Among the differ-

ent processes available, ammonia fiber explosion (AFEX) is one of the few that

has reached the industrial development stage. The AFEX process puts biomass

into contact with an NH3 solution (20 atm, 90�180�C) so that when expanded,

the biomass structure breaks into pieces. The method does not produce bypro-

ducts, and shows high yield. For years the disadvantage was the energy required

to recover the NH3—until recent developments by Prof. Dale’s group at Michigan

State University. Fig. 8.5 shows the flowsheet (Martı́n and Grossmann, 2012a).

After the reactor pretreatment, the pressure is released and part of the NH3 is

recovered. The slurry is distilled to recover the rest of the NH3. Traces of NH3

remain in the slurry, but they can be used as nutrients in further fermentation

stages. Based on the experimental data from Garlock et al. (2012), a correlation

that depends on the NH3-to-biomass ratio, the operating temperature, the water-

to-biomass ratio, and the residence time is presented; this can be used to compute

the yield. The range of the operating variables is shown in Table 8.1.

FIGURE 8.4

Structure of the plant before and after pretreatment.

With permission from Martı́n, M., Grossmann, I.E., 2012a. Energy optimization of lignocellulosic bioethanol

production via hydrolysis of switchgrass. AIChE J. 58(5), 1538�1549.
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X5 0:01Uð288:79191 26:5272UAR2 13:6733Uwater added1 1:6561UT
1 3:6793Ut2 4:4631UAR2 2 0:0057UT2 1 0:0279Ut2 2 0:4064UARUt
1 0:1239Uwater addedUT2 0:0132UTUt;

(8.1)

8.1.2.3.2 Chemical pretreatment

Chemical pretreatment entails the use of alkali or acid solutions, peroxides, or even

ozone to break down plant structure. The National Energy Renewable Lab (NREL)

has developed a dilute sulfuric acid pretreatment (Aden and Foust, 2009) in which

a solution of 0.5�2% H2SO4 is put into contact with biomass at 140�180�C and

12 atm for up to 1.5 h. In the expansion, part of the water is recovered and

recycled, while the slurry is separated so that the liquid phase is neutralized with

CaO, producing gypsum. After filtering the gypsum, both streams are mixed again

for further processing. Fig. 8.6 shows the flowsheet for the process.

FIGURE 8.5

Basic AFEX pretreatment flowsheet.

With permission from Martı́n, M., Grossmann, I.E., 2012a. Energy optimization of lignocellulosic bioethanol

production via hydrolysis of switchgrass. AIChE J. 58(5), 1538�1549.

Table 8.1 Typical range of Operating Variables for AFEX Pretreatment

Lower Bound Upper Bound

Temperature (�C) 90 180
Ammonia added (g/g) 0.5 2
Water added (g/g) 0.5 2
Residence time (min) 5 30
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Based on experimental data, Martı́n and Grossmann (2014) developed models for

the yield to cellulose and hemicellulose as a function of the operation temperature,

the acid concentration, the residence time, and the enzyme added in the hydrolysis

part, see eqs. (8.2) and (8.3). Table 8.2 shows the range for the operating variables.

Xcellulose 520:000551711 0:00355819UT 1 0:00067402Uacid conc

1 0:00100531Ut2 enzyme loadU0:03948092 0:0186704UTUacid conc

1 0:00043556UTUt1 0:0002265UTUenzyme load

2 0:0013224Uacid concUt2 0:00083728UtUenzyme load

1 0:044353Uacid concUenzyme load1 0:000014412UT2;

(8.2)

Xhemicellulose 520:000157912 0:00056353UT 1 0:000694361Uacid conc

2 0:00014507Ut2 enzyme loadU0:010592482 0:02142606UTUacid conc

1 0:000694055UTUt1 0:00013559UTUenzyme load

2 0:00145712Uacid concUt1 0:04769633Uacid concUenzyme load

2 0:00138362UtimeUenzyme load1 0:0000059419UT2

(8.3)

FIGURE 8.6

A basic flowsheet for dilute acid pretreatment.

With permission from Martı́n, M., Grossmann, I.E., 2012a. Energy optimization of lignocellulosic bioethanol

production via hydrolysis of switchgrass. AIChE J. 58(5), 1538�1549.

Table 8.2 Typical range of Operating Variables for Dilute Acid Pretreatment

Lower Bound Upper Bound

Temperature (�C) 140 180
Acid concentration (g/g) 0.005 0.02
Residence time (min) 1 80
Enzyme load (g/g) 0.0048 0.0966
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8.1.2.3.3 Enzymatic pretreatment

These are slow processes and are not yet competitive.

Once the physical structure of the biomass is broken and the polymers, cellu-

lose, and hemicellulose exposed, the next stage is enzymatic hydrolysis, which

produces sugars. The hydrolysis is typically an endothermic set of reactions that

takes place at 50�C:

ðC6H10O5Þn 1 nH2O-nC6H12O6 ΔH5 22:1n kJ=mol

ðC5H8O4Þm 1mH2O-mC5H10O5 ΔH5 79:0m kJ=mol

Alternatively, these polymers can be used for the production of paper.

8.1.2.4 Paper production
Paper production consists of six stages. (1) The biomass is ground into chips. (2) The

chips are cooked with alkali solutions from 75�80�C to 130�170�C to solubilize

the lignin and release the cellulosic polymers. (3) The material is then washed to

remove the lignin. (4) Oxygenation is performed in order to minimize the quantity of

chemicals required in the bleaching step. (5) The material is bleached to provide a

white color. This is the most contaminating stage due to the chemicals necessary to

process the raw materials (Cl2 in particular). Both total chlorine-free and elementary

chlorine-free processes are available. (6) Sheets are produced.

8.1.3 SEEDS

First-generation biodiesel processes use high oil content seeds as raw materials.

The oil is extracted using crushers. The process consists of a number of stages.

The seeds are heated and milled, and then the flakes are slightly heated to

improve the oil extraction. The cake obtained can be further processed using

solvents or by means of cold pressing using a screw. Sometimes both methods are

combined to increase the yield. The oil must later be purified. Flash distillation,

filtration, or sedimentation can be used for the oil refining step. The biodiesel

yields of different seeds are shown in Table 8.3. Fig. 8.7 shows the process.

8.1.4 ALGAE

Algae are another alternative for the production of biofuels. Due to their high

yield to biomass—typically an order of magnitude or two higher than other seeds

per area—algae promise higher production. Algae grow by capturing CO2

(although other carbonous sources can be used), and use sunlight as an energy

source. Algae store lipids (up to 70%), starch (up to 50%), protein, and other

components. The basic stoichiometry of the algae growing process is as follows:

106CO2116NO2
3 1HPO22

4 1122H2O118H1 ����!Solar radiation ðCH2OÞ106ðNH3Þ16H3PO41138O2
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Algae are grown in ponds or photobioreactors. Ponds are the cheaper option,

and only civil engineering work is required to create an operational system.

Water flows through 20 cm-deep channels into which CO2 and nutrients are

injected. However, ponds present several drawbacks: they are easily contaminated

and process control is difficult. Photobioreactors, on the other hand, offer a

controlled environment. However, solar exposure is difficult and the investment

cost is high. Fig. 8.8 shows examples of both systems.

Table 8.3 Yield of Biodiesel From Different Seeds
(http://www.bioenergy.wa.gov/oilseed.aspx)

Plant Yield (Seed) (lbs./acre) Biodiesel (Gal./acre)

Safflower 1500 83
Rice 6600 88
Sunflower 1200 100
Peanut 2800 113
Rapeseed 2000 127
Coconut 3600 287
Oil palm 6251 635

FIGURE 8.7

Process for oil extraction from seeds.

Based on http://www.britannica.com/EBchecked/topic/202405/fat-and-oil-processing/50163/Destearinating-

or-winterizing.
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The algae growth rate is a function of the solar energy:

Growth5
I0Uηmax

Algae heating value
(8.4)

where I0 (kWh/m2/d) is the solar intensity, ηmax is the utilization of the light by the

algae (0.045; Walker, 2009), and the algae heating value is 21 kJ/g (Park et al.,

2011). Growth rate values of 50 g/m2 d are optimistic but feasible. Carbon dioxide

consumption is related to algae growth as shown in the following equation:

CO2ðm3=dayÞ5 0:65653Growth ðg=m2dayÞ1 5:0784 (8.5)

In addition to CO2, NH3 (or nitrates) up to 0.8% and phosphates up to 0.6%

(both with respect to dry biomass) are needed. Evaporation accounts for water

loss of 6.2 m3/day (Sazdanoff, 2006).

Once the algae are produced, the limiting stage for oil production in terms of

cost is the harvesting. This step typically consists of flotation followed by centrifuga-

tion or filtration and biomass drying to reach moistures below 10%. Alternatively,

there is a capillarity-based process that has been proposed by Univenture; it is

supposed to yield a biomass cake with 5% moisture and also consume less energy.

The dry biomass is processed and oil extracted, as in the seed-based case. The

remaining biomass cake consists mainly of starch and protein. The starch can be

used to produce ethanol, similar to first-generation techniques for bioethanol produc-

tion from corn or wheat (Martı́n and Grossmann, 2013b).

8.1.5 NATURAL RUBBER

8.1.5.1 Historical perspective
Rubber is native to South America, and was already being used by the natives

prior to the arrival of the Spanish in 1492. In 1511 the Spanish realized how

useful this material with elastic and waterproof properties could be.

FIGURE 8.8

Algae growth reactors. (A) Ponds. (B) Tubular reactors.
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Rubber, also called “India rubber” or caoutchouc, is a polymer of isoprene. It

is harvested from trees in the form of latex, an aqueous dispersion of polyisoprene

particles stabilized in proteinaceous surfactants. The major commercial source of

natural latex is the Pará rubber tree (Hevea brasiliensis), which is harvested

regularly to obtain it. Latex hardens soon after extraction. This fact motivated

research into how to dissolve latex.

In 1770 Joseph Priestley realized that rubber could erase pencil marks. Later,

in 1791, the first commercial application to waterproof surfaces was presented.

The vulcanization of natural rubber (which cross-links the polymer with sulfur)

dates back to Charles Goodyear’s work in 1839. This represents the beginning of

the use of rubber for manufacturing tires. The lack of supply of natural rubber

during WWII led to the development of synthetic polymers to match the natural

one. The main producers of natural rubber are Malaysia, India, Indonesia,

Thailand, and Sri Lanka, with annual production over 4 million tons.

8.1.5.2 Polymerization processes
Synthetic rubber (cis-1,4-polyisoprene) can be obtained via radical chain polymer-

ization of the monomer (isoprene). It was the isolation of this chemical during the

pyrolysis of natural rubber that provided the key to identifying the building block.

The evolution of the catalysts occurs for 70 years when Ziegler-type catalyst was

used (1955). There are four main types of polymerization: (1) block or bulk

polymerization, (2) polymerization in solution, (3) bead or pearl polymerization,

and (4) emulsion polymerization.

Bulk polymerization occurs in molds with the own monomer and initiators. It

produces high purity polymers with high molecular weight. Polymerization in

solution requires the use of solvents. It can be homogeneous or heterogeneous. Bead

polymerization is carried out in water by dispersion of the insoluble monomer to

produce small droplets of controlled size. This polymerization technique is similar

to bulk polymerization, but is performed in microreactors, which allow easier heat

removal. It does, however, require the use of colloids to avoid droplet coalescence.

Finally, emulsion polymerization is carried out by adding the water-insoluble mono-

mer to an aqueous solution of an emulsifier. The product is a water emulsion of

polymer particles. Emulsion polymerization is used for synthetic rubber production.

Mechanism and kinetics. Radical polymerization is based on double bond open-

ing and free radical chain growth, as per the reaction below:
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It requires the use of initiators (I), Ziegler�Natta catalysts. The proposed

reaction mechanism consists of three main steps (initiation, propagation, and

termination) and is believed to proceed as follows (Odian, 2004):

Initialization: I����!kd
2R

Propagation: R1M����!ki P1

Propagation: Pn 1M����!kp
Pn11

Termination by combination Pn 1Pm ����!ktc
Dn1m

Termination by disproportion Pn 1Pm ����!ktd
Dn 1Dm

Transfer to monomer Pn 1M����!kf P1 1Dn

The kinetics proceed as follows:

d½I�
dt

52f UkdU I½ � (8.6)

where f is the initiator efficiency. Assuming a steady-state for the rates and add-

ing together all of the monomer kinetics, we have:

d½M�
dt

52kpðf Ukd½I�=ktÞ0:5U M½ � (8.7)

dQ

dt
52ΔHr

d½M�
dt

(8.8)

The polymerization lasts 15 h at 50�C in a stirred tank. The conversion yield

is 75%. The molecular weight of the product is computed using statistical

moments. A complete model for a polymerization reactor can be found in Martı́n

(2014). After the reactor step, a stripper is used to recover hydrocarbons. Finally,

the rubber crumb slurry is dewatered and dried in an extruder. The dry crumbs

are ready for shipment.

8.2 INTERMEDIATE PROCESSING

8.2.1 SUGARS

This section covers the production of a number of chemicals, mainly for the

biofuels industry. We also cover the production of antibiotics such as penicillin

via fermentation.

8.2.1.1 Bioethanol
Bioethanol can be produced via sugar fermentation. Saccharomyces cerevisiae is

capable of anaerobically fermenting glucose at 32�38�C to produce a solution of

up to 15% by weight of ethanol. Overpressure is typically used to prevent the
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entrance of air into the system. Fermentation of pentoses is more complex.

Zymomonas mobilis has been identified as appropriate for fermenting pentoses

and hexoses simultaneously. In addition to ethanol, byproducts such as glycerol,

succinic acid, acetic acid, and lactic acid are also produced. Table 8.4 shows the

various reactions and the typical conversions in second-generation bioethanol pro-

cesses (Aden and Foust, 2009). See Fig. 2.6 for a block diagram of the process.

The reactions that yield ethanol are exothermic:

C6H12O6 ����!Yeast
2C2H5OH1 2CO2 ΔH5284:394 kJ=mol

3C5H10O5 ����!Yeast
5C2H5OH1 5CO2 ΔH5 274:986 kJ=molxylose

The reaction time is about 24 h at 0.12 MPa, which helps prevent the entrance

of air into the system. The maximum concentration of ethanol in the water is

6�8%.

EXAMPLE 8.1

Model the fermentor for second-generation bioethanol production based on

Krishnan et al. (1999).

Solution
The kinetic model for ethanol production via fermentation is based on the

Michaelis�Menten mechanism:

E1 S �������-’�������
k1

k21

ES����!k2
E1P

Table 8.4 Reactions and Conversions in Second-Generation Bioethanol
Production

Reaction Conversion

Glucose-2 Ethanol1 2CO2 Glucose 0.92
Glucose11.2NH3-6 Z. mobilis1 2.4H2O1 0.3O2 Glucose 0.04
Glucose12H2O-Glycerol1O2 Glucose 0.002
Glucose12CO2-2 Succinic acid1O2 Glucose 0.008
Glucose-3 Acetic acid Glucose 0.022
Glucose-2 Lactic acid Glucose 0.013
3 Xylose - 5 Ethanol1 5CO2 Xylose 0.8
Xylose1NH3-5 Z. mobilis12H2O1 0.25O2 Xylose 0.03
3 Xylose1 5H2O-5 Glycerol1 2.5O2 Xylose 0.02
3 Xylose1 5 CO2-5 Succinic acid1 2.5O2 Xylose 0.03
2 Xylose-5 Acetic acid Xylose 0.01
3 Xylose-5 Lactic acid Xylose 0.01
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In the case of ethanol production, there is both substrate and product

inhibition:

EI1 S �������-’�������
k1

k21

E1S1 I �������-’�������
k1

k21

ES1 I����!k2
E1P1 I

Assuming a steady-state for [E], [EI], and finally [ES], the modified

Monod kinetics are given as follows:

μ5
μmUS

Ks 1 S1 S2=Ki

Next, the product inhibition is included:

μ
μ0

5 12
P

Pm

� �β
 !

The kinetics models for the different species involved are given in the

equations that follow, where G represents glucose and X represents xylose.

The parameters for the fermentation are given in Table 8E1.1 (Krishnan

et al., 1999).

Table 8E1.1 Kinetic Parameters for Fermentation

Parameter Glucose Fermentation Xylose Fermentation

μm (h21) 0.662 0.190
νm (h21) 2.005 0.250
Ks (g/L) 0.565 3.400
Ks

0 (g/L) 1.342 3.400
Ki (g/L) 283.700 18.100
Ki

0 (g/L) 4890.000 81.300
Pm (g/L) 95.4 for P# 95.4 g/L

129.9 for 95.4#P# 129 g/L 59.040
Pm

0 (g/L) 103 for P#103 g/L
136.4 for 103#P#136.4 g/L 60.200

β 1.29 for P# 95.4 g/L
0.25 for 95.4#P#129 g/L 1.036

γ 1.42 for P# 95.4 g/L 0.608
m (h21) 0.097 0.067
YP/S (g/g) 0.470 0.400
YX/S (g/g) 0.115 0.162
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Cells:

μg 5
μm;gUS

Ks;g 1S1S2=Ki;g
12

�
P

Pm

�βg

0
@

1
A

μx 5
μm;xUS

Ks;x 1 S1 S2=Ki;x
12

�
P

Pm

�βg

0
@

1
A

1

X

dX

dt
5

G

G1X
μg 1

X

G1X
μx

Product:

νE;g 5
vm;gUS

Ks;g 1 S1 S2=Ki;g
12

�
P

Pm

�γg0
@

1
A

νE;x 5
vm;xUS

Ks;x 1S1S2=Ki;x
12

�
P

Pm

�γx0
@

1
A

1

X

dP

dt
5 ðνE;x 1 νE;gÞ

with

μm;g 5 0:152UX20:461

μm;x 5 0:075UX20:438

vm;g 5 1:887UX20:434

vm;x 5 0:16UX20:233

Sustrate:

2
dS

dt
5

1

YX=S

dX

dt
1mX5

1

YP=S

dP

dt

2
dS

dt
5

1

YP=S

dP

dt

2
dxylo

dt
5

1

YP=S
ðνE;xXÞ

2
dglu

dt
5

1

YP=S
ðνE;gXÞ

The model for solving the equations can be written in any software.

The following is example code for MATLAB:

[a,b]5ode15s('Fermen',[0 36],[200,50,0,1]);

plot(a,b(:,1),'k',a,b(:,2),'k--',a,b(:,3),'ko',a,b(:,4),'k.')
xlabel('t(h)')
ylabel('g/L')
legend('Glucose','Xylose','Ethanol','Cells')

function Reactor5Fermen(t,x)
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Glucose5x(1);
xylose5x(2);
ethanol5x(3);
cells5x(4);
v_m_g52.005;
v_m_x50.250;
K_s_g50.565;
K_i_g5283.7;
K_s_x53.4;
K_i_x518.1;
K_sp_g51.341;
K_ip_g54890;
K_sp_x53.4;
K_ip_x581.3;
m_g50.097;
m_x50.067;
Y_P_S_g50.470;
Y_P_S_x50.4;
P_m_x559.04;
P_mp_x560.2;
Beta_x51.036;
gamma_x50.608;
if ethanol ,95.4;
P_m_g595.4;
Beta_g51.29;
gamma_g51.42;
else
P_m_g5129;
Beta_g50.25;
gamma_g50;
end
if ethanol ,103;
P_mp_g5103;
else
P_mp_g5136;
end

if cells , 5;
mu_m_g50.152�(cells)^(-0.461);
v_m_g51.887�(cells)^(-0.434);
mu_m_x50.075�(cells)^(-0.438);
v_m_x50.16�(cells)^(-0.233);
else
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mu_m_g 50.662;
v_m_g5 2.005;
mu_m_x50.190;
v_m_x5 0.25;
end
mu_g5mu_m_g�Glucose�(1-(ethanol/P_m_g)^Beta_g)/

(K_s_g1Glucose1Glucose^2/K_i_g);
mu_x5mu_m_x�xylose�(1-(ethanol/P_m_x)^Beta_x)/

(K_s_x1xylose1xylose^2/K_i_x);
v_g5v_m_g�Glucose�(1-(ethanol/P_mp_g)^gamma_g)/

(K_sp_g1Glucose1Glucose^2/K_ip_g);
v_x5v_m_x�xylose�(1-(ethanol/P_mp_x)^gamma_x)/

(K_sp_x1Glucose1Glucose^2/K_ip_x);
Reactor(1,1)5-(1/Y_P_S_g)�v_g�cells;
Reactor(2,1)5-(1/Y_P_S_x)�v_x�cells;
Reactor(3,1)5(v_g1v_x)�cells;
Reactor(4,1)5cells�((Glucose)�mu_g/(Glucose1xylose)1

(xylose)�mu_x/(Glucose1xylose));

The profile of the species over time can be seen in (Fig. 8E1.1)
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FIGURE 8E1.1

Ethanol production from hexoses and pentoses.
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8.2.1.2 Biodiesel
Glucose and xylose have recently been fermented into biodiesel (fatty acid ethyl

esters, FAEE). The fermentation takes place aerobically at 32�38�C, with a

yield of 0.35 g/g sugar. The concentration of FAEE in the reactor is fixed at

0.01 kg/kg. Biodiesel is immiscible in water, and therefore the separation of the

organic and aqueous phases is easy. However, ethanol and glycerol are also

produced, and remain in the aqueous phase. This reduces the yield of carbon to

FAEE. Table 8.5 shows some typical conversions (Martı́n and Grossmann, 2015).

8.2.1.3 Ibutene
Sugars can also be a source of valuable chemicals. Ibutene, a C4 chemical, can

be produced from glucose fermentation. The advantage of this process is that the

product is in the gas phase and thus no energy-intensive dehydration is required.

Ibutene must be separated from the CO2 (Martı́n and Grossmann, 2014).

C6H12O6 ����!Yeast
C4H8 1 2CO2 1 2H2O1 2 ATP ΔH5241:9 kJ=mol

8.2.1.4 Furans
Dehydration of C6 sugars yields hydroxymethyl furfural, an intermediate in the

production of dimethyl furfural (DMF). C5 sugars can produce furfural as

presented in the chemical reactions below:

Table 8.5 Conversions of Sugars into FAEE and Byproducts

Reaction Conversion DHr (kJ/mol)

9 Glucose1 2O2-2C18H36O21 18CO21 18H2O Glucose 0.3 2405
Glucose-2 Ethanol1 2CO2 Glucose 0.3 284,394
Glucose1 1.2NH3-6 Z. mobilis1 2.4H2O10.3O2 Glucose 0.1 NA
Glucose1 2H2O-2 Glycerol1O2 Glucose 0.3 504
27 Xylose1 5O2-5C18H36O21 45CO2145H2O Xylose 0.2 2338
3 Xylose-5 Ethanol1 5CO2 Xylose 0.2 274,986
Xylose1NH3-5 Z. mobilis1 2H2O1 0.25O2 Xylose 0.2 NA
3 Xylose1 5H2O-5 Glycerol1 2.5O2 Xylose 0.2 418
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8.2.1.5 Butanol
Sugars can also be fermented to produce butanol. The typical reaction is the

so-called ABE fermentation in which, apart from butanol, both ethanol and ace-

tone are produced. The maximum concentration of butanol is obtained after 48 h

of fermentation (Papoutsakis, 1984). The reaction looks like this:

100Glucose-2:944C4H7:2N0:8O2112:5Aceticacid14:3Butiricacid1112:27H21211CO2

156Butanol122:4Acetone19:3Ethanol16:3Acetoine138:16H2O

8.2.1.6 Penicillin
Penicillin was discovered in 1928 when Alexander Fleming, a biologist, realized

that one of his experimental setups was contaminated but did not grow any bacte-

ria. He tracked down the culprit—penicillin—and thus the first natural antibiotic

was found. The first purification of penicillin is credited to Howard Florey and

Ernst Chain by 1939. There are currently around 50 drugs that are classified as

penicillins.

Sugars such as glucose are used as substrates to produce penicillin via aero-

bic fermentation. Oxygen is fed to a stirred tank. The resulting reaction is

exothermic and requires constant cooling. The pH, dissolved oxygen, and tem-

perature of the reaction are tightly controlled. It is a fed-batch operation where

the substrate is added in small increments. This change in volume must be

included in the analysis. Due to the viscosity of the medium and mass transfer

limitations, bubble column reactors are also used. The process for the produc-

tion of the penicillin is modeled on Monod kinetics, as presented in Eq. (8.9).

Further details of the model can be found in Birol et al. (2002). The reactor

operates at 20�24�C and pH 6.5. After 40 h, penicillin is secreted, and growth

stops after about 7 days.
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Biomass:

dX

dt
5μX2

X

V

dV

dt

μ5 μx

S

KxX1S

CL

KOXX1CL

2
4

3
5

Penicillin:

dP

dt
5μppX2KP2

X

V

dV

dt

μpp 5 μp

S

Kp 1S1S2=KI

C
p
L

KOPX1C
p
L

2
4

3
5

Substrate:
dS

dt
52

μ
YX=S

X2
μpp

YP=S
X2mxX1

F

V
2

S

V

dV

dt

Dissolved oxygen:
dC

dt
52

μ
YX=O

X2
μpp

YP=O
X2mOX1 kLaðC� 2CÞ2 C

V

dV

dt

Global mass balance:
dV

dt
5
X
in

F2Floss

(8.9)

The reaction generates energy, and only if this energy is properly removed

can the reaction be considered isothermal. The mass transfer between the gas and

liquid phases depends on the hydrodynamics and properties of the system. The

term kLa refers to the liquid film resistance, kL, and the contact area, a, between

the phases. The two-film theory considers the resistance in both the stagnant

liquid film and the gas�liquid film at interphase:

NA 5 kLðcLB 2 cLiÞ5 kGðcGi 2 cGBÞ5KðcLB 2 cGBÞ (8.10)

It has been experimentally proven that in gas�liquid processes the main resis-

tance is usually the resistance of the liquid phase (kL).

Although kL and a can be determined separately, the area corresponds to that

provided by the bubble dispersion in the tank, and can be estimated using either

Eqs. (8.11�8.12) as per Gogate et al. (2000):

εG 5 0:21
Pg

V
ð12εGÞ

� �0:27
u0:65G (8.11)

a5
6 � εG
deq

(8.12)
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or Eq. (8.13) from Calderbank (1958):

a5 1:44
Pg=V
� �0:4

Uρ0:2

σ0:6

" #
uG

UB

� �0:5
(8.13)

kL is a function of the diffusivity of the gas to the liquid and the gas-liquid

contact time (Higbie, 1935). The complexity of evaluating these two variables

(kL and a) separately has led to the tradition of using the empirical prediction of kLa:

kLa5 kU
Pg

V

� �α
UuβG (8.14)

where uG is the superficial gas velocity in the cross sectional area of the tank and

Pg is the aeration power as a function of the gas flow rate, Qc, the impeller diam-

eter, T, and the liquid volume, V, the stirrer angular velocity, N, and the power in

absence of aeration, P, as given by Eq. (8.15):

Pg

P
5 0:1U

N2T4

gUTiUV2=3

� �21=5

U
Qc

NUV

� �21=4

(8.15)

Biological media are characterized by high viscosities that affect the diffusion

of gas into the liquid phase. Thus, Eq. (8.14) is corrected by the viscosity as

follows:

kLa5 kU
Pg

V

� �α

UuβGU
μ

μwater

� �δ
(8.16)

Furthermore, in the presence of solids, as in the case of the Penicillium,

Eq. (8.14) can also be corrected by the fraction of solids, X, as follows:

kLa5 kU
Pg

V

� �α
UuβGUX

γ (8.17)

with k5 33.59, α520.0463, β5 0.94, and γ521.012 (Kielbus-Rapala and

Karcz, 2011).

8.2.2 SYNGAS

Syngas is a versatile raw material (see Chapter 5: Syngas). No further discussion

regarding its production, composition adjustment, or cleanup is offered here, only

its use within the biofuels industry (Martı́n and Grossmann, 2013a).

Syngas fermentation is one way to produce ethanol. Syngas with an H2-to-CO

ratio equal to 1 and can be fermented anaerobically at 32�38�C. The reaction

conversion is around 70%, but ethanol inhibits the process and thus its concentra-

tion in water cannot typically exceed 5%.

3CO1 3H2-C2H5OH1CO2
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Syngas can also be used to produce ethanol and other fuels via catalytic

synthesis.

Ethanol production requires an H2-to-CO ratio of 1 for a global conversion of

60%. The process, known as mixed alcohol synthesis, is based on the hydrogena-

tion of CO over a catalyst, similar to Fischer�Tropsch (FT) processes. The reac-

tion is carried out at 68 bar and 300�C to obtain a range of alcohols of small

molecular weight, including methanol, ethanol, propanol, and also butanol and

pentanol in smaller amounts. The reactions with their conversions are as follows:

CO1H2O-H2 1CO2; XCO2
5 0:219

CO1 2H2-CH3OH; XMeOH 5 0:034
CO1 3H2-CH4 1H2O; XCH4

5 0:003
2CO1 4H2-C2H5OH1H2O; XEtOH 5 0:282
2CO1 5H2-C2H6 1 2H2O; XC2H6

5 0:003
3CO1 6H2-C3H7OH1 2H2O; XPropOH 5 0:046
4CO1 8H2-C4H9OH1 3H2O; XButOH 5 0:006
5CO1 10H2-C5H11OH1 4H2O; XPentOH 5 0:001

Methanol, H2, and FT fuel production from syngas is detailed in Chapter 5,

Syngas.

8.2.3 OIL

Oil obtained from various sources can be transformed into biodiesel via transes-

terification. The reasons for not using oil itself as fuel are its higher viscosity and

its differences from current diesel specifications (which do not allow its proper

combustion in engines). Apart from transesterfication, hydrotreating emulsions

can also be used to break oil into smaller pieces that can be used in diesel

engines. This section focuses on transesterification:

CH2 2OOC2R1 R0 2OOC2R1 CH2 2OH

j j
CH2 2OOC2R2 1 3R0OH 2 R0 2OOC2R2 1 CH2OH

j j
CH2 2OOC2R3 R0 2OOC2R3 1 CH2 2OH

Although different short-chain alcohols can be used, methanol’s low cost and

fast reaction kinetics have made it the alcohol of choice for transesterification.

Therefore, biodiesel is also known as fatty acid methyl esters (FAME). The low

price of FAME is due to its fossil source, and therefore the word “biodiesel” loses

its meaning. Lately, ethanol has been investigated as an alternative to methanol. It

is currently produced in biorefineries and its products are called fatty acid ethyl

esters (FAEE).

The transesterification reaction is governed by an equilibrium that can be driven

to products by controlling the alcohol-to-oil ratio, the operating pressure (supercriti-

cal conditions only) and temperature, the catalyst load, and the residence time.

Common catalysts are alkalis and acids, but these suffer from a series of
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disadvantages. Alkali catalysts, in spite of high conversion, are sensitive to the pres-

ence of water and free fatty acids (FFA); therefore, a pretreatment with an acid cat-

alyst is necessary. The yield of this pretreatment using a solid acid catalyst can be

computed using Eq. (8.18) (Martı́n and Grossmann, 2012b) as a function of the

methanol-to-FFA ratio, the operating temperature, and the residence time:

XFFA 5 31:031041 1:486403123UT 2 6:97793097URM1 19:77691899Ut
2 0:00018078UT2 2 0:16677756URM2 2 1:6230585Ut2

1 0:02516368UTURM2 0:41625815UTUt1 2:37322062URMUt;
(8.18)

Once treated, the oil is transformed into FAME using KOH or NaOH as a cata-

lyst. The use of KOH has the advantage that it can later be easily separated from

the liquid mixture by precipitation using H3PO4 because K3PO4 is only slightly

soluble in water. Before the neutralization step, the biodiesel must be washed,

which increases the water consumption of the facility. A model to predict the yield

of the transesterification process as a function of the methanol-to-oil ratio, the

temperature of operation, and the catalyst load (Martı́n and Grossmann, 2012b) is

given by Eq. (8.19). Table 8.6 shows the typical range of the operating variables.

X5 74:63011 0:4209UT 1 15:1582UCat1 3:1561URM � 0:0019UT2 2 0:2022UTUCat
� 0:01925UTURM2 4:0143UCat2 � 0:3400UCatURM2 0:1459URM2

(8.19)

Homogeneous acid catalysts such as H2SO4 have the advantage of not being

sensitive to the presence of FFAs; however, the reaction kinetics are slow.

Furthermore, as in the case of KOH or NaOH, a washing step is required before

neutralization. Sulfuric acid can be neutralized using CaO. The reaction between

CaO and sulfuric acid produces CaSO4 (gypsum), which precipitates and can be

easily separated.

In addition to homogeneous catalysis, heterogeneous methods are also being

studied as a way to simplify the biodiesel separation stages. The catalyst can

easily be recovered after the reaction. A model to compute the yield of heteroge-

neous catalyst using methanol as the alcohol can be seen in Eq. (8.20) as a func-

tion of the methanol-to-oil ratio, the temperature of operation, and the catalyst

load (Martı́n and Grossmann, 2012b). Table 8.7 shows the range of the operating

variables for this case.

X5273:612:5UT124:9UCat18:8URM20:01UT221:29UCat220:39URM220:26UTUCat
(8.20)

Table 8.6 Range of Operation of the Variables (Alkali)

Variable Lower Bound Upper Bound

Temperature (�C) 45 65
Ratio of methanol (mol/mol) 4.5 7.5
Cat (%) 0.5 1.5
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The use of supported enzymes and a noncatalyzed reaction under supercritical

conditions are other alternatives that have been proposed, but the economics are

not as good. Models for the yield of heterogeneous catalysts can also be found in

Martı́n and Grossmann, 2012b.

As mentioned above, ethanol can also be used. Severson et al. (2013)

developed several models to predict the yield of the reaction as a function of the

ethanol-to-oil molar ratio, the operating temperature, the catalyst load, and

the residence time. The two most promising processes used either KOH or

enzymes as catalysts. The models are presented below, and Tables 8.8 and 8.9

show the range of the operating variables.

Using ethanol (KOH) we have the following:

X5 22:942931 113:88UCat1 2:828881URE2 1:02734UT 2 1:44522UCatURE
1 0:250723UCatUT1 0:023375UREUT 2 41:4402UCat2 2 0:07568URE2 1 0:006226UT2;

(8.21)

Table 8.7 Range of Operation of the Variables (Heterogeneous Catalysis)

Variable Lower Bound Upper Bound

Temperature (�C) 40 60
Ratio of methanol (mol/mol) 6 12
Cat (%) 1 4

Table 8.8 Range of Operation of the Variables (Alkali Pretreatment)

Variable Lower Bound Upper Bound

Temperature (�C) 25 80
Ratio of ethanol (mol/mol) 3 20
Catalyst (%) 0.5 1.5

Table 8.9 Range of Operation of the Variables (Enzymatic
Transesterification)

Variable Lower Bound Upper Bound

Temperature (�C) 20 45
Ratio of ethanol (mol/mol) 3 12
Catalyst (%w/w) 5 16
Added water (%w/w) 0 20
Time (h) 6 13
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Using ethanol (enzymatic) we have the following:

X5 3:6249962 1:64904UT 1 17:91299Ut2 7:60104URE1 10:59497UCat2 0:49902Uwater add

1 0:014332UT2 2 0:65091Ut2 2 0:33241URE2 2 0:31632UCat2 1 0:00692Uwater add2

2 0:0407UTUt1 0:17485UTURE2 0:0138UTUCat2 0:0156UTUwater add2 0:0601UtURE
2 0:4629UtUCat1 0:11014UtUwater add1 0:43481UREUCat1 0:21369UREUwater add

2 0:09614UCatUwater add;

(8.22)

Kinetics: The use of surface of response analysis for evaluating the yield of

the transesterification equilibrium is an efficient way to evaluate a process that

depends on a number of input variables such as temperature, concentration of

species, catalyst load, and time. However, a more detailed analysis based on the

reaction mechanism provides better insight. The process to produce biodiesel is a

set of three reactions in equilibrium. Let TG be triglycerides, DG diglycerides,

MG monoglycerides, ME methyl ester, and GL glycerol:

TG1MeOH����!k1
DG1ME

DG1ME����!k2
TG1MeOH

DG1MeOH����!k3
MG1ME

MG1ME����!k4
DG1MeOH

MG1MeOH����!k5
GL1ME

GL1ME����!k6
MG1MeOH

(8.23)

The reactor design based on the kinetics is as follows:

dTG

dt
52k1 TG½ � MeOH½ �1 k2 DG½ � ME½ �

dDG

dt
5 k1 TG½ � MeOH½ �2 k2 DG½ � ME½ �2 k3 DG½ � MeOH½ �1 k4 MG½ � MeOH½ �

dMG

dt
5 k3 DG½ � MeOH½ �2 k4 MG½ � MeOH½ �2 k5 MG½ � MeOH½ �1 k6 ME½ � GL½ �

dME

dt
5 k1 TG½ � MeOH½ �2 k2 DG½ � ME½ �1 k3 DG½ � MeOH½ �2 k4 MG½ � MeOH½ �

1 k5½MG�½MeOH�2 k6½ME�½GL�
dGL

dt
51k5 MG½ � MeOH½ �2 k6 ME½ � GL½ �

dMeOH

dt
52k1 TG½ � MeOH½ �1 k2 DG½ � ME½ �2 k3 DG½ � MeOH½ �1 k4 MG½ � MeOH½ �

2 k5½MG�½MeOH�1 k6½ME�½GL�
ki 5 kicCcat 1 kin

i5 1; :::; 6

(8.24)
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The rate constants depend on the oil, the catalyst, and the alcohol. Table 8.10

(Issariyakul and Dalai, 2012) shows some KOH 1% values from the literature; for

this example equilibrium is achieved from 10 min onwards.

EXAMPLE 8.2

In this example we model a batch reactor for producing biodiesel.

Solution
We use MATLAB to model the mechanisms above for reactor design. In

principle we assume the rate constant may have an Arrenius form, but that

can be easily simplified if it is not the case.

No5[1,6,0,0,0,0];
[a,b]5ode45(@transesteificacion,[0,4],No)

plot(a,b(:,1),'k',a,b(:,2),'b',a,b(:,3),'y',a,b(:,4),'r',a,b
(:,5),'g',a,b(:,6),'c')

function dC5transesteificacion(t,C)
T5273175;

A15;
A_15;
A25;
A_25;
A35;
A_35;

Ea15;
Ea_15;
Ea25;
Ea_25;
Ea35;
Ea_35;

Table 8.10 Kinetic Constants for Biodiesel Production

Reaction Rate Palm Oil Mustard Oil

Constant 40�C 50�C 60�C 40�C 50�C 60�C

TG-DG k1 0.07 0.12 0.14 0.11 0.14 0.21
DG-TG k2 0.10 0.17 0.06 0.10 0.11 0.02
DG-MG k3 0.31 0.61 0.60 0.55 0.63 1.04
MG-DG k4 0.64 1.52 1.24 0 0 0
MG-GL k5 1.15 2.56 4.18 0.19 0.26 0.64
GL-MG k6 0.02 0.01 0.02 0 0.04 0.01
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R5;
k15A1�exp(-Ea1/(T�R));
k_15A_1�exp(-Ea_1/(T�R));
k25A2�exp(-Ea2/(T�R));
k_25A_2�exp(-Ea_2/(T�R));
k35A3�exp(-Ea3/(T�R));
k_35A_3�exp(-Ea_3/(T�R));

%velocidades
Ctg5C(1);
Cmetoh5C(2);
Cmg5C(3);
Cdg5C(4);
Cgly5C(5);
Cfame5C(6);

r15k1�Ctg�Cmetoh;
r_15k_1�Cdg�Cfame;
r25k2�Cdg�Cmetoh;
r_25k_2�Cmg�Cfame;
r35k3�Cmg�Cmetoh;
r_35k_3�Cgly�Cfame;

dC(1,1)5-r11r_1;
dC(2,1)5-r11r_1-r21r_2-r31r_3;
dC(3,1)5r2-r_2-r31r_3;
dC(4,1)5r1-r_1-r21r_2;
dC(5,1)5r3-r_3;
dC(6,1)5r1-r_11r2-r_21r3-r_3;

8.2.4 BIOGAS

Biogas is a mixture of mainly methane (50�70%) and CO2 (20�40%), and is

produced from the anaerobic digestion (AD) of biomass. The various sources

discussed above can be used as raw materials for its production. Biogas is an

interesting product that provides further value to wastes, and also showcases a

treatment technology (AD) for waste disposal. Apart from the use of biomass,

biogas is typically produced from sludge and animal manure (either in slurry

form or as a solid). Not only is biogas produced, but also digestate, an interesting

fertilizer. The value of this fertilizer can be computed using the NPK index, repre-

senting the amount of nitrogen, phosphorous, and potassium.

430 CHAPTER 8 Biomass



8.2.4.1 Process description
The production of biogas takes place in a series of steps: hydrolysis, acidogen-

esis, acetogenesis, and methanogenesis. The first step, hydrolysis, breaks the

biomass into smaller blocks for transformation into sugars, fatty acids, and

amino acids. Several promising attempts have been made to use pretreatment

methods (discussed in the lignocellulosic section) to improve yields. In acido-

genesis (the second step), H2, CO2, acetate, and volatile fatty acids (VFA) and

alcohols are produced. In the third step (acetogenesis), H2 and acetic acid are

produced from VFA and alcohols. Finally, methanogenesis transforms

the mixture of CO2 and H2 into methane. This final step runs in parallel to the

acetogenesis step.

The operating conditions are classified by the residence time and the

temperature. Psychrophilic conditions are those requiring low temperatures

(,20�C) and long retention times (70�80 days). Mesophilic conditions reduce the

retention time to 30 to 40 days, but double the operating temperature to 30�42�C.
Finally, thermophilic conditions require 43�55�C, but only 15�20 days of reten-

tion time. Therefore, the digester is typically a large, closed tank; the gas is sent to

a storage tank from there. Apart from continuous stirred tank reactors (CSTRs,

often in series), plug flow reactors have also been applied to improve the perfor-

mance of biogas plants (Bensmann et al., 2013).

The gas produced must be cleansed from NH3 or H2S before use as an energy

source. Chapter 5, Syngas discusses a number of technologies.

8.2.4.2 Process analysis
8.2.4.2.1 Kinetics

The simplest process analysis is to consider a first-order rate model for the

substrate utilization:

dS

dt
52kS (8.25)

Contois in 1959 proposed a modified form of the Monod model for the first

stages, and a Haldane function for the methanogenesis step (Mairet et al., 2012).

pH and the gas�liquid mass transfer step must also be controlled.

Hydrolysis-acidogenesis:

μiðSi;XiÞ5
μiUSi

KsiXi 1Si

Methanogenesis:

μ3 5
μ3US3

Ks3 1 S3 1 S23=Ki;3

KINH3

KINH3
1NH3

(8.26)
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Complete models can be found elsewhere. The anaerobic digestion model

(ADM-1; Batstone et al., 2002) is the basis for most analyses.

8.2.4.2.2 Gas composition

The actual composition of the gas depends not only on the operating conditions,

but also on the composition of the feedstock. Apart from first principle analysis

based on mass and energy balances, the biochemical reaction used for a basic

analysis can be considered as follows:

CnHaOb 1 n2
a

4
2

b

2

� �
H2O2

n

2
2

a

8
1

b

4

� �
CO2 1

n

2
1

a

8
2

b

4

� �
CH4 (8.27)

If nitrogen from amino acids and protein is also considered, the equation

becomes:

CnHaObNc 1 n2
a

4
2

b

2
1

3c

4

� �
H2O2

n

2
2

a

8
1

b

4
2

3c

8

� �
CO2 1

n

2
1

a

8
2

b

4
1

3c

8

� �
CH4 1 cNH3

(8.28)

There are some statistical studies that provide the yield of gas as a function of

the time, C-to-N ratio, and loading concentration (kg VS/m3), all of which are

highly dependent on the biomass used as feedstock.

yðm3=kg VSÞ5 f ðretention time; SCðkg VS=m3Þ;C=NÞ (8.29)

8.3 PRODUCT PURIFICATION

8.3.1 ETHANOL DEHYDATION

Ethanol production via fermentation yields a diluted water�ethanol mixture, from

5�15% depending on the raw material. The separation is carried out by removing

solids first and using a distillation column known as a beer column. Next, rectifi-

cation and/or molecular sieves are used to produce anhydrous ethanol, which is

ready for use as a fuel. Alternatively, extractive distillation has also been

suggested.

A beer column allows recovery of most of the ethanol. However, the oper-

ation is energy-intensive. Therefore, the use of multieffect columns has been

suggested so that the energy consumption can be cut by one-third and the

cooling needs approximately by half. The operation of such columns was

discussed in Chapter 2, Chemical processes. Fig. 8.9 shows the scheme of the

operation.
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EXAMPLE 8.3

A single beer column operates with an L/D ratio of 1. The feed, 6 kg/s of a

water�ethanol mixture, has 15% by weight of ethanol. The distillate has

80% purity by weight and the residue 2%. Compute the distillate and the

residue, as well as the number of trays required for the column. Determine

the energy removed and provided.

Solution
We assume that the flows are constant along the column. Thus the rectify-

ing and stripping operating lines are as follows:

yn 5
L

V
xn21 1

D

V
xD

FIGURE 8.9

Beer multieffect column.
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ym 5
L0

V 0 xm21 1
W

V 0 xW

Because the data is by weight, we must convert it into molar ratios

for each of the streams involved in the column operation. x is the mass

fraction, F is the total mass flow rate, and M is the molar weight:

yi 5
xiUF=MiP
i xiUF=Mi

(Table 8E3.1).

We formulate the mass balance as follows:

F5D1R

FUxf 5DUxD 1RUxR

By solving the system we get D5 1 kg/s and R5 5 kg/s. Then, we use

the McCabe method to compute the number of trays. Due to the nonideal

behavior of the mixture, experimental data is used to plot the equilibrium

curve. Next, using D, R, and the L/D ratio we plot the operating lines:

V 5D1 L

L0 5F1 L ðassuming feed as saturated liquidÞ

V 0 5V

L=D5 1-
L

V
5

D

ð11 ðL=DÞÞ � D 5 0:5

q line represents the intersection between the stripping and rectifying lines.

Thus we have seven trays required for such separation (see Fig. 8E3.1).

The energy involved in the condenser, Qw, and the reboiler, QH, are com-

puted as follows:

QW 5λUV5 ð0:8λEtOH 1 0:2λEtOHÞðL=DÞUD
5 ð9266=46U4:18U0:81 0:2U9723=18U4:18ÞU1U15 1125 kJ=s

QH 5λUV 0 5 ð0:02λEtOH 1 0:98λEtOHÞðL=DÞUD5 2230 kJ=s

Table 8E3.1 Molar and Mass Compositions

x y

Feed 0.15 0.0645933
Distillate 0.8 0.61016949
Residue 0.02 0.00792254
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Final dehydration: Fuel-quality ethanol is achieved only by surpassing the azeo-

trope (96% by weight). Therefore, a number of strategies have been suggested and

evaluated, such as extractive distillation, pervaporation, and the use of molecular

sieves. Among them, molecular sieves use silica gel or zeolites as adsorbent beds so

that they retain the water. The operation of these units is similar to pressure swing

adsorption (PSA) systems, except for the fact that there is no pressurization�
expansion stage (see chapters Air and Syngas for an evaluation of adsorbent beds).

Next, a stream of hot air is used to regenerate the beds. Pervaporation consists of the

use of membranes permeable to one of the components so that by evaporation, ethanol

is recovered. The use of molecular sieves is the technology of choice in most industrial

facilities, and provides an advantage in terms of energy consumption.

EXAMPLE 8.4

A second-generation bioethanol production facility processes biomass that

contains cellulose (assume glucose for calculations), hemicellulose

(xylose), and lignin. The conversion from glucose to ethanol is 90%, and

that from xylose is 80%. Ninety-six percent (96%) of the ethanol produced

is recovered. If the fractions of cellulose and hemicellulose in the feed-

stock are the same, the consumption of energy is 7000 kJ/kg of ethanol

FIGURE 8E3.1

McCabe�Thiele diagram for a single beer column operation.
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produced, and it is possible to obtain up to 19,500 kJ/kg of lignin.

Compute the minimum amount of lignin a certain biomass needs to contain

for the facility to be energy self-sufficient.

Solution
Assume 100 kg of initial biomass. We formulate the mass and energy

balances for the plant composition, the ethanol production, and the energy

required and produced as follows:

XG 1XX 1XL 5 1

XG 5XX

EtOH5BXGU
2 � 46
180

UConvGUSep1BXXU
5 � 46
3 � 150 UConvxUSep

Energyconsumed 5 7000 � EtOH
Energyproduced 5BXLU19500

Energyconsumed 5Energyproduced

Solving this system of equations we get the results shown in

Table 8E4.1:

8.3.2 HYDROCARBON AND ALCOHOL MIXTURE SEPARATION

FT processes and mixed alcohol synthesis require the use of distillation to separate

the products. FT liquid fuels are separated using petrochemical-based technologies

(see also chapters: Chemical processes and Syngas). In the case of mixed alcohols, a

sequence of distillation columns is required; see Chapter 2, Chemical processes for

the heuristics behind the technique, and Fig. 2.1 for a block flowsheet of the process.

The separation of butanol mixtures is more complex due to the inmiscibility between

water and ethanol. Recently a hybrid extraction�distillation scheme was proposed

that uses mesitylene in an extraction column that processes the fermentation broth.

Table 8E4.1 Summary of Results

Fermentation

Biomass 100 PM Conv Ethanol Recovery

Cellulose 0.42196144 180 0.9 19.4102261 0.96 18.6338171

Hemicellulose 0.42196144 150 0.8 25.8803015 0.96 24.8450894

Lignin 0.15607813

Total 1.000001

Energy
(kJ/kg Lig)

19500 304352.345

Consumption
(kJ/kg et)

7000 304352.345 0
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This setup is followed by a sequence of three distillation columns operating at 1, 2,

and 0.5 bar, respectively, to separate the solvent, mesitylene, butanol, acetone, and

ethanol (Kramer et al., 2011). Ibutene purification is the simplest in the sense that it

is a gas produced in the fermentation. Therefore, it exits the reactor together with

CO2 and oxygen. PSA and membrane systems can be used for its purification.

8.3.3 ALCOHOL RECOVERY: BIODIESEL

As presented in the analysis of the equilibrium towards biodiesel, an excess of

alcohol is typically used to drive the reaction into biodiesel. However, the deci-

sion concerning the excess of alcohol can be made not just at the reactor level

(aiming at higher conversions), but also at the process level. The reason is

because for a larger excess of alcohols, the conversion increases, as well as the

energy required to recover the excess. Therefore, there is a tradeoff to be solved

(Martı́n and Grossmann, 2012b). Fig. 8.10 shows the flowsheet for the production

of biodiesel using heterogeneous catalysts.

The distillation column or the flash separation to recover the alcohols must

work in such a way that the temperature of operation is below 150�C to avoid

glycerol decomposition. This column presents the particular feature that the feed

and the bottom stream are phases. Thus, the vapor pressure is that given by both

phases as follows:

PT 5Pv;polar 1Pv;non-polar 5
X

i5water;glycerol;alcohol

xiPvi 1
X

j5 biodiesel;oil

xjPvj (8.30)

Once the alcohol has been recovered, polar and nonpolar phases are separated

at around 40�60�C for ethanol and methanol, respectively. In the case of a homo-

geneous catalyst, water is added in the separation to help remove the catalyst.

The polar phase contains glycerol, alcohols and the homogeneous catalyst.

The nonpolar phase contains biodiesel and unconverted oil. The polar phase is

FIGURE 8.10

Biodiesel production using solid catalysts.
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neutralized, if needed, and later distilled to purify the glycerol. In the case where

acid homogeneous catalysts are used, CaO is recommended for neutralization (as

presented above). In the case where KOH is used, H3PO4 is recommended. The

nonpolar phase is also distilled to purify the biodiesel. The distillate should be

below 250�C to avoid decomposition. As a result, this column and the alcohol

recovery columns are meant to operate under vacuum. Furthermore, the column

processes an immiscible mixture, and therefore it has to be taken into account in

boiling and dew point computations.

Glycerol, the main byproduct, has become an interesting carbon source for the

production of chemicals such as H2 or syngas via reforming, ethanol, via fermen-

tation, glycerol ethers, together with ibutene, polyesters, etc.

EXAMPLE 8.5

An algae-based biodiesel facility grows algae with 40% by weight oil

(molecular weight 884 kg/kmol), 25% starch (assumed to be glucose), 10%

protein, and the rest inert material. The aim is to produce ethanol from the

starch and biodiesel from oil (assume a molecular weight of 310 kg/kmol).

The conversion of the sugar fermentation is 90%, and the transesterification

reaction has a conversion of 95%. Determine the amount of ethanol, biodie-

sel, and glycerol sold to the market if we use part of the ethanol produced as

a transesterifying agent.

Solution
We perform the mass balances based on the stoichiometry of the reactions

below:

C6H12O6 ����!Yeast
2C2H5OH1 2CO2

CH2 2OOC2R1 R0 2OOC2R1 CH2 2OH

j j
CH2 2OOC2R2 1 3R0OH 2 R0 2OOC2R2 1 CH2OH

j j
CH2 2OOC2R3 R0 2OOC2R3 1 CH2 2OH

Let ConvG be the conversion of glucose, ConvL the lipids conversion,

B the total initial biomass, and Xi the fraction of component i in the bio-

mass (S starch, L Lipids):

EtOH5BXSU
2 � 46
180

UConvG 2 3U
46

884
BXLUConvL

FAEE5BXLU
3 � 310
884

UConvL

Glycerol5BXLU
1 � 92
884

UConvL
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Solving the system we get the following results (Table 8E5.1):

8.3.4 PENICILLIN PURIFICATION

The process for purification of penicillin obtained via fermentation is more

complex than the previous ones mentioned. Biomass must be separated from the

culture. Next, penicillin is extracted, and if a solvent is used, a recovery stage

must be added to the process. Subsequently, the liquid phase containing the peni-

cillin is recovered by centrifugation. A second extraction is followed by crystalli-

zation (either via cooling or drowning) to purify it. Finally, washing and drying

allow powder production. It is typically stored as a potassium or sodium salt. See

Chapter 4, Water for the operation of crystallizers.

8.4 THERMODYNAMIC CYCLES
Biomass-based syngas, biogas, or the biomass itself can be used to produce

energy in power cycles such as the Rankine cycle and the Brayton cycle (Moran

and Shapiro, 2000).

8.4.1 RANKINE CYCLE

The most widely used thermodynamic cycle is the regenerative Rankine cycle.

High-pressure, superheated steam is obtained by burning the biomass.

Alternatively, this energy can be obtained from burning any fossil fuel (as in ther-

mal plants) or by using solar or geothermal energy. In the case of solar energy,

concentrated solar power is required so that solar energy can reach an intensity

Table 8E5.1 Summary of Results

Prod EtOH Prod Biodiesel Products

Biomass 100 PM Conv kmol kg kmol kg kg

Starch 0.40 40.00 180.00 0.22 0.00 0.00

Oil 0.25 25.00 884.00 0.03 0.00 0.00

Protein 0.10 0.00 0.00

Others 0.20 0.00 0.00

FAEE 310.00 0.08 26.30 26.30

EtOH 46.00 0.40 18.40 20.08 23.90 14.50

Glycerol 92.00 0.03 2.60 2.60
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capable of producing high-temperature steam. The variability in solar energy

availability becomes a challenge for the operation of such a plant. Typically, a

heat transfer fluid such as molten salts is used to buffer the absence of solar

energy during the nighttime. However, in the long term, a different solution must

be used. Hybrid plants, for example, which combine the use of different energy

sources such as biomass and solar and allow continuous energy production over

time (Vidal and Martı́n, 2015).

Once the steam is produced, it is fed to a steam turbine. The turbine is divided

into three stages: high, medium, and low pressure. In the high-pressure turbine

the steam expands into a moderated pressure. The steam is sent back to the boiler

to be reheated. Next, the stream is expanded in the medium- and low-pressure

turbines. Several extractions at different pressures are obtained from the turbines.

These streams are used to reheat the condensed stream to close the cycle.

A thermal plant scheme based on a Rankine cycle is presented in Fig. 8.11.

FIGURE 8.11

Regenerative Rankine cycle.
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The energy generated in the expansions is computed as an enthalpy difference.

The temperature�entropy (TS) diagram of the cycle is shown in Fig. 8.11.

W 5 η �
X
i

ðHk 2Hk21Þ;’iA Expansion (8.31)

The enthalpy is a function of the temperature and the pressure. See Appendix B

(Thermodynamic Data) to compute the enthalpy. The isentropic efficiency of the

turbine (typically from 0.7�0.9) is computed using Eq. (8.32):

η5
Hsteam;ðoutÞ 2Hsteam;ðinÞ

Hsteam;ðout;isoentropyÞ 2Hsteam;ðinÞ
(8.32)

where the entropy of the stream is also a function of the pressure and temperature.

For a detailed model of the cycle shown in Fig. 8.11, we refer the reader to the

supplementary material in Vidal and Martı́n (2015).

8.4.2 BRAYTON CYCLE

Compressed air is used to burn a fuel (ie, syngas) in a combustion chamber.

When burned, the gas heats up to a high temperature that can be computed using

Eq. (8.33):

CnHm 1 ðn1m=2ÞUO2-nCO2 1 ðm=2ÞUH2O

CO1 1/ 2O2-CO2

H2 1
1/ 2O2-H2O

05
X

iAProduct

ni ΔH298
f ;i 1

ðTout
298

CpidT

� �
2

X
iAReactants

ni ΔH298
f ;i 1

ðTin
298

CpidT

� �
(8.33)

Next, it is fed to a gas turbine. In the gas turbine the superheated gas is

expanded isentropically to produce power. The energy involved in the

compression of the air and that obtained in the expansion can be computed

using Eq. (8.34), where k is around 1.4. The cycle diagrams can be seen in

Fig. 8.12.

WðCompÞ5 ðFÞU 8:314UkUðTin 1 273:15Þ
ððMwÞUðk2 1ÞÞ

1

ηs

Pout

Pin

� �k21
k

2 1

 !
(8.34)
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8.5 PROBLEMS
P8.1. In a facility for the production of biodiesel using methanol as the

transesterifying agent, the conversion of the reaction can be estimated

using the following equation:

X5 92:0561 3:1561ðmolar ratio met=oilÞ2 0:01925U60ðmolar ratio met=oilÞ
2 0:34ðmolar ratio met=oilÞ2 0:1459ðmolar ratio met=oilÞ2

Assuming that 96% of the methanol is recovered in the distillation

column placed after the reactor (and recycling this amount), compute the

methanol to be purchased and the methanol-to-oil ratio used if we aim

for a conversion of 96% per pass.

P8.2. A single beer column with 11 trays is used to recover the ethanol

from a dilute water�ethanol mixture. The feed, with a flowrate of

6 kg/s, enters as saturated liquid with a composition of 15% by

weight of ethanol. The column operates with a reflux ratio L/D of 3.

FIGURE 8.12

Brayton cycle.
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The residue is expected to have 2% by weight of ethanol. Determine

the maximum concentration of ethanol in the distillate and the

flowrates of residue and distillate.

P8.3. A second-generation bioethanol production facility processes biomass

that contains cellulose (assume glucose for the calculations),

hemicellulose (xylose), and lignin. The plant is supposed to operate

self-sufficiently, but the energy consumption is 10% lower than the

production. The uncertainty is in the conversion of xylose to glucose.

The conversion from glucose to ethanol is 90%, and that from xylose

should be 80%. Ninety-six percent (96%) of the ethanol produced is

recovered. If the fraction of cellulose and hemicellulose in the

feedstock is the same, the consumption of energy is 7000 kJ/kg of

ethanol produced; it is possible to obtain up to 19,500 kJ/kg of lignin.

Compute the actual conversion of xylose and the ethanol production of

the facility per 100 kg of initial biomass.

P8.4. In the production of biodiesel from oil and methanol, the reactor

conversion is given by this equation:

Yield5 65:63011 0:4209UT 1 15:1582UCat1 3:1561URM � 0:0019UT2

2 0:2022UTUCat� 0:01925UTURM2 4:0143UCat2 � 0:3400UCatURM
2 0:1459URM2

where the catalyst load is 1% of KaOH, Cat5 1, and the reaction takes

place at 60�C and 4 bar. The molar ratio between methanol and oil is 6.

The products from the reactor are distilled and 98% of the unconverted

methanol is recovered. Determine the methanol fed to the system per

100 kmol/h of oil, and the purge fraction if the commercial oil contains

0.02 kmol of water per kmol of oil. Water leaves with the methanol. The

catalyst is capable of handling 5 kmol of water per 100 kmol of the

methanol�oil mixture.

P8.5. An algae-based biodiesel facility grows algae containing oil (molecular

weight 884 kg/kmol), starch (assume it is glucose), 10% protein, and

15% inert material. The aim is to produce ethanol from the starch and

biodiesel from the oil (assume a molecular weight of 310 kg/kmol). The

conversion of the sugar fermentation is 90% and the transesterification

reaction has a conversion of 95%. The demand of ethanol and biodiesel

is the same. Determine the composition required for the algae assuming

that we internally use part of the ethanol produced for oil

transesterification.

P8.6. Saccharomyces cerevisiae is used to ferment glucose to ethanol.

Calculate the time it takes to obtain 80% conversion, assuming an
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initial concentration of cells of 0.1 g/L, an initial glucose

concentration of 250 g/L, and the fact that the following rate

laws hold:

Cells:

V
dCc

dt
5 ðrg 2 rdÞV

Substrate:

V
dCs

dt
5Ys=cð2rgÞV 2 rsmV

Product:

V
dCp

dt
5Yp=cðrgVÞ

rg 5μmax 12
Cp

C
�
p

 !0:52
CsCc

Ks 1Cs

; rd 5 kdCc; rsm 5mCc

Cp
� 5 93 g/l; n5 0.52; μmax5 0.33 h21; Ks5 1.7; Yc/s5 0.08 g/g;

Yp/s5 0.45 g/g (est)

Yp/c5 0.56 g/g (est); kd5 0.01 h21; m5 0.03 g substrate/(g cells h)

P8.7. A simple beer column processes a water�ethanol mixture (15% w/w

ethanol). The distillate is 80% w/w ethanol and the residue is 98% water.

The condenser consumes 20.19 kg/s of cooling water at 20�C, which exits

at 30�C. The reboiler consumes 0.929 kg/s of steam (λ5 1800 kJ/kg).

Calculate the mass flow of distillate and residue, the L/D reflux ratio, and

the number of trays if their efficiency is 75% (Fig. P8.7).
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FIGURE P8.7

XY diagram for water�ethanol system.
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P8.8. A certain biomass (CnHaOb) is digested to produce biogas. The resulting

biogas is reformed using the own CO2 to produce a syngas with a

composition of H2:CO in a 1:1 relationship. The conversions of the

reactions are assumed to be 100%. Determine the carbon, H2, and oxygen

composition of the original biomass, and the fraction of the biogas that

must be burned so that the reforming furnace operates adiabatically.

P8.9. Using a process simulator, compare the energy required to recover

ethanol from the following two mixtures and target 80% molar

composition (minimum) in the distillate containing the ethanol:

1. 10% Ethanol�90% Water, 50 kg/s at 32�C.
2. 20% Methanol, 50% Ethanol, 20% Propanol, 10% Butanol, 10 kg/s at

its boiling point.

P8.10. Determine the composition of a syngas with 30% CO2 and the rest H2

and CO so that it is used in a gas turbine to produce 2000 kcal per kmol

of syngas. The gas turbine operates at 50 atm and discharges the flue gas

at 1 atm. Assume that 15% of the energy produced at the turbine is used

by the compressor system and lost due to inefficiencies. Both the syngas

and the air, fed with 20% excess, are at 25�C (k5 1.4).

P8.11. A certain biomass with a composition of C1HaOb is used to produce

biogas, CO2, and CH4. The biogas is used as a fuel in a gas turbine that

operates from 50 atm to 1 atm. The compressor system and the turbine

inefficiencies represent 25% of the energy produced. The system produces

25 kcal/mol biogas. Determine the composition of the biogas (k5 1.4).

P8.12. Biogas with a composition of 40% CH4 and the rest CO2 is used to

produce steam to be fed to a steam turbine at 160 bar and 560�C
(H5 3465.4 kJ/kg). The exhaust steam is recovered at 0.08 bar and

41.5�C (H5 2577 kJ/kg); it must be reheated to the feed conditions.

Compute the efficiency of the plant that produces 25 kcal per mol of

biogas and the flow of steam generated.

P8.13. Biomass gasification generates biosyngas with 20% CO2 and the rest CO

and H2. The yield of the system is 40% to power from heat. The system

uses steam at 160 bar and 560�C (H5 3465.4 kJ/kg), and the exhaust

steam is recovered at 0.08 bar and 41.5�C (H5 2577 kJ/kg). Determine

the composition of the syngas that produces 20 kcal/mol of biosyngas.
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Appendix A:
General nomenclature

a Specific area (length21)

A Area (length units square)

AM Ratio of ammonia in unit of mass per mass of biomass

C Concentration (mol per volume unit)

Cat Mass fraction of catalyst added

cp Heat capacity (energy per unit mass or mol and temperature)

d32 Sauter mean diameter (m)

D Distillate flow rate (molar per unit time)

Di Diffusion coefficient (length square per second)

Dp Particle diameter (length units)

E Reduction potential (V/mol)

E Evaporated flow rate (see Chapter 4: Water; mass per unit time)

Ec Steam economy

Ee Electrical energy (energy units per unit time)

fi Feed flow rate of component i (mass or molar per unit time)

f Liquefied fraction

f Separation factor

F Flow rate (of the feed for distillation columns; mass or molar per unit time)

F Faraday constant

FFA Free fatty acid

FAME Fatty acid methyl ester

FAEE Fatty acid ethyl ester

g Air fraction diverted to the expansion machine

G Gas flow rate (mass per unit time)

G Gas flow rate per unit area (Ergun Equation; mass per unit time and area)

G Growth rate in crystallization (length per unit time)

h Liquid enthalpy (energy per unit mass or molar)

H Henry constant (pressure units per molar fraction)

H Enthalpy (energy per unit mass or molar)

I Current intensity (Ampere)

I Initiator in polymerization (moles per unit volume)

K Equilibrium constant (barp)

KLa Volumetric mass transfer coefficient (molar per unit time)

k Kinetic constants

k Polytropic coefficient in compressors and expanders

li Liquid flow rate of component i (mass or molar per unit time)

L Liquid reflux (molar per unit time)

m/M Mass flow (mass per unit time)

Mw Molar mass (mass per mol)

M Monomer concentration (moles per unit volume)

n Molar flow (kmol per unit time)

n Number of entities per unit volume, crystallization (inverse of volume)
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N Number of trays

N Impeller revolutions (see Chapter 8: Biomass; revolutions per unit time)

Ni Flux of species i (mass or molar units per unit time)

P Pressure (mass per unit length and time square)

P Product (see Chapter 8: Biomass; mass per unit volume)

P Impeller power (see Chapter 8: Biomass; energy units)

Pg Impeller power under aerated conditions (see Chapter 8: Biomass; energy units)

Pv Vapor pressure (mass per unit length and time square)

PT Total Pressure (mass per unit length and time square)

q Specific energy (energy per unit mass)

Q Thermal energy (energy per unit time)

Qc Gas flow rate (volume per unit time)

R Reflux ratio (L/D)

R Gas constant (energy per unit mol and temperature)

RE Molar ratio of ethanol to oil

RM Molar ratio of methanol to oil

ri Kinetic rate (molarq per unit time)

S Entropy (Energy per unit temperature and mass)

S Substrate (see Chapter 8: Biomass; mass per unit volume)

t Time (time units)

T Temperature (K or �C)
T Impeller diameter (length)

uG Superficial gas velocity (length per unit time)

U Heat transfer global transfer coefficient (energy per unit area and temperature)

Ub Bubble rising velocity (length per unit time)

v Velocity (length per unit time)

v Specific volume of humid air (volume per mass of dry air)

V Vapor flow rate (mass or molar per unit time)

V Potential difference (see Chapter 4: Water)

V Liquid volume (see Chapters 4 and 8: Water and Biomass; volume units)

wi Mass fraction of component i in FT product distribution

W Residue flow rate in distillation columns (mass or molar per unit time)

W Commercial steam fed to the evaporators (see Chapter 4: Water; mass per unit

time)

W Work (energy per unit time)

x Liquid molar fraction or mass fraction

X Conversion

X Solids mass fraction (see Chapter 8: Biomass)

yi Gas molar fraction

y Specific humidity (mass of vapor per mass of dried air)

z Molar fraction

αij Relative volatility between species i and j

α Chain length (see Chapter 5: Syngas)

α Salt dissociation fraction

δ Layer thickness

ε Porosity

εG Gas hold up

φ Sphericity factor
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λ Latent heat (energy per unit mass)

ϕ Relative moisture

ΦL Liquid fraction in the feed to a distillation column

ΦV Vapor fraction in the feed to a distillation column

η Efficiency

Θi Stoichiometric coefficient

π Osmotic pressure (mass per unit length and time square)

Δe Ebullioscopic increment (temperature units)

ΔG Gibbs free energy gradient (energy per unit mass or molar)

μ Viscosity (mass per unit length)

μ Biomass growth (per unit time)

τ Shear stress (pressure units)

τ Residence time (time units)

ρ Density (mass per unit volume)

σ Surface tension (pressure � length units)

Subindex
in Inlet

i,j Components

g Gas

o Initial conditions

out Outlet

R Reference

T Total

v Vapor
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Appendix B:
Thermodynamic data

B.1 THERMOCHEMISTRY

B.2 ANTOINE CORRELATION AND PHASE CHANGE

ln ðPvðmmHgÞÞ5A2
B

C1 T ð�CÞ

MW ΔHf (kcal/kmol) cp (kcal/kg K) a1bT1 cT21dT3 T[5 ]K

a b c d

N2 28 0 G 0.26614833 20.00011594 2.28947E-07 29.97949E-11

O2 32 0 G 0.21012261 22.7512E-08 1.30525E-07 7.96202E-11

H2O 18 257,798 G 0.42853535 2.5569E-05 1.40284E-07 24.77937E-11

NO 30 21,600 G 0.23401116 27.4785E-06 7.77265E-08 23.33892E-11

NO2 46 8091 G 0.12602975 0.0002515 21.0823E-07 1.52424E-12

NH3 17 210,960 G 0.38439347 0.00033536 2.40276E-07 21.6676E-10

H2 2 0 G 3.24677033 0.00110931 21.6519E-06 24.30144E-10

C2H2 26 224,861.244 G 20.0388664 0.002818 21.4593E-06 2.95786E-10

CO 28 226,464.1148 G 0.26374744 20.00010979 2.38312E-07 21.08681E-10

CO2 44 294,203.3493 G 0.10762832 0.00039928 23.0459E-07 9.32634E-11

SO2 64 271,064.5933 G 0.08915969 0.0001252 26.1815E-08 1.24112E-11

SO3 80 294,624.40191 G 0.04895335 0.00021817 21.1164E-07 2.42397E-11

FeS2 120 242,464.11483 S

Fe2O3 160 2196,000 S

H2SO4 98 2193,900 L

HNO3 63 241,650 L

HCl 36.5 222,095.7 G 0.19853838 4.7198E-5 8.16674E-8 2.55489E-11

C3H8 44 224,861.244 G 20.02296651 0.00166518 28.6233E-07 1.74783E-10

CH4 16 217,877.2 G 0.28756181 0.00077863 1.7886E-07 1.6909E-10

Cl2 71 0 G 0.09073725 0.00011389 21.304E-07 5.22272E-11

Aggregation state for ΔHf: G, Gas; L, Liquid; S, Solid.
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B.3 HEAT OF SOLUTION (25�C)
In (Figure B.1) we see the heat of solution of various chemicals used along the book.

B.4 STEAM PROPERTIES
λ (kcal/kg)52 0.0000043722 � T(�C)31 0.00043484 � T(�C)22 0.58433 � T(�C)

1 597.48

Hsat vap (kcal/kg)52 0.0000030903 � T(�C)31 0.00022613 � T(�C)2
1 0.42436 � T(�C)1 597.42

A B C λ (kcal/kmol)

H2O 18.3036 3816.44 227.02 9,723
CH3OH 18.5875 3626.55 238.86 8,431
C2H5OH 18.9119 3803.98 231.47 9,266
NH3 16.9481 2132.50 240.17 5,583
H2 13.6333 164.9 276.34
N2 14.9542 588.72 266.55
Ar 15.233 700.51 267.31
CO 14.3686 530 260
CO2 22.5898 3103 272.99
O2 15.4075 734.55 266.7 1,632
N2 14.9542 588.72 266.55 1,335
HCl 16.5040 1714.25 258.7 3,866
FAME 17.4530 5003 122.13 20,181
C3H8O3 17.2392 4487.94 132.80 14,623

FIGURE B.1

Heat of solution.
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B.4.1 COMPRESSED LIQUID

H (kJ/kg)5 4.2921 � (T(�C))1 4.1269

S (kJ/(kg K))5 1.19023 1025 � (T(�C))32 3.74653 1023 � (T(�C))2
1 4.5352 � (T(�C))1 0.64547

B.4.2 SATURATED LIQUID

H (kJ/kg)5 3.60823 10212 � (T(�C))62 3.41203 1029 � (T(�C))5
1 1.23033 1026 � (T(�C))42 2.03063 1024 � (T(�C))3
1 1.55523 1022 � (T(�C))21 3.7216 � (T(�C))1 3.0035

S (kJ/(kg K))5 1.03723 10212 � (T(�C))5 2 8.64943 10210 � (T(�C))4
1 2.89653 1027 � (T(�C))32 5.67303 1025 � (T(�C))2
1 1.68023 1022 � (T(�C))2 2.19973 1022

B.4.3 SATURATED VAPOR

H (kJ/kg)5 2 6.56903 10212 � (T(�C))61 6.30493 1029 � (T(�C))5
2 2.30803 1026 � (T(�C))41 3.83393 1024 � (T(�C))3
2 3.06323 1022 � (T(�C))21 2.7553 � (T(�C))1 2.49573 103

S (kJ/(kg K))5 2 2.03733 10212 � (T(�C))51 1.85893 1029 � (T(�C))4
2 7.19013 1027 � (T(�C))31 1.61123 1024 � (T(�C))2
2 2.89043 1022 � (T(�C))1 9.1915

B.4.4 OVERHEATED STEAM (UP TO 10 BAR)

H (kJ/kg)5 (2 0.0000063293 � Pressure(bar)1 0.00033179) � (T(�C))2
1 (0.0124 � Pressure(bar)1 1.8039) � (T(�C))
1 (2 6.0707 � Pressure(bar)1 2504.6)

S (kJ/(kg K))5 0.000000000942 � (T(�C))32 0.00000309 � (T(�C))2
1 0.00524 � (T(�C))1 (6.8171 � (Pressure(bar))(20.069455))

B.4.5 OVERHEATED STEAM (10 BAR�150 BAR)

H (kJ/kg)5 (2 0.00000000000011619 � Pressure(bar)2
2 0.0000000000087596 � Pressure(bar)2 0.00000000022611) � (T(�C))4
1 (0.0000000004298 � Pressure(bar)21 0.00000003276 � Pressure(bar)
1 0.0000007313) � (T(�C))31 (2 0.0000005801 � Pressure(bar)2
2 0.000046 � Pressure(bar)2 0.0005009) � (T(�C))2
1 (0.0003383�Pressure(bar)21 0.02947�Pressure(bar)1 2.195)� (T(�C))
1 (2 0.072042 � Pressure(bar)22 7.7877 � Pressure(bar)1 2440.8)
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S (kJ/(kg K))5 (0.000000000015719 � Pressure(bar)
1 0.00000000074013) � (T(�C))3
1 (2 0.00000000010074 � Pressure(bar)2
2 0.000000030171 � Pressure(bar)2 0.0000028872) � (T(�C))2
1 (0.000000094914 � Pressure(bar)2
1 0.000029097 � Pressure(bar)1 0.0050938) � (T(�C))
1 (0.000041223 � Pressure(bar)2
2 0.028841 � Pressure(bar)1 5.9537)
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Appendix C: Solutions to
end-of-chapter problems

C.1 CHAPTER 2
P2.1. QH5 600 kW; QW5 0 kW

P2.2. QH5 540 kW; QW5 1526 kW

P2.3. C1 (T: Met, Et, Prop; B: But); C2 (T: Met; B: Et, Prop);

C3 (T: Et; B Prop)

P2.4. C1 (T: A; B: BCD); C2II (T: BC; B: D); C3 (T: B; B: C)

P2.5. C1(T: A; B: BC); C2 (T: B; B: C)

P2.6. ΔT5 10K

P2.7. QH5 50 kW; QW5 30 kW

P2.8. QH5 183 kW; QW5 697 kW

P2.9. ΔT5 25K

P2.10. C1 (AB, CDEF); C2(A, B); C3(CDE, F); C4 (CD, E); C5(C, D)

P2.11. C1 (AB, CDEF); C2(A, B); C3(CDE, F); C4 (C, DE); C5(D, E)

P2.12. QS5 200 kW; QW5 1600 kW; Matches: Above Pinch: H1-C1

(1000 kW); Heating C1 200 kW; Below Pinch: H2-C1 (2400 kW);

Cooling H2 (1600 kW); H1-C1 (200 kW)

C.2 CHAPTER 3
P3.1. 160K

P3.2. 190K; Win5 2802 kcal/h; Wout5 697 kcal/h

P3.3. P15 150 atm; T45 300K; q5 2 kcal/kg

P3.4. f5 0.215

P3.5. D5 4.47 ft h5 18 in

P3.6. f5 0.125; η5 13%

P3.7. System II

P3.8. f5 0.35; W15 60 kcal/kg; W15 54 kcal/kg

P3.9. With precooling T5 163K; q5 15 kcal/kg; Isentropic expansion;

T5 282K

P3.10. 6 Trays; 81% molar fraction in N2

P3.11. Ref III

P3.12. Pdesign5 200 bar; Poperation5 150 bar; η5 0.95

P3.13. f5 0.37; Linde with precooling q5 30 kcal/kg; 4 trays

P3.14. q5 22.7 kcal/kg

P3.15. 5 trays; f5 0.76

P3.16. P5 640 mmHg
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C.3 CHAPTER 4
P4.1. 29.5 atm

P4.2. m5 88.976 kg; Limestone: 11.024 kg;

Component %

CaO 13.6
Ca(OH)2 69.6
CaCO3 16.8

5.18% excess of Ca(OH)2; Conversion 98%

P4.3. 105.7 m3

P4.4. Q5 412808 kcal/h; U5 1053
kcal

hUm2UCP4.5. m5 89.39 kg

NaOH 0.00296201
Na2CO3 0.16254275
H2O 0.83449524

Limestone: 10.601 kg; 7.38% excess of Ca(OH)2; Conversion 97%

P4.6. T5 700K

P4.7. Solution: 89.425 kg; Limestone: 10.574 kg

Solution (kg) 89.42577

NaOH 0.582368
Na2CO3 14.89163
H2O 84.526

Limestone (kg) 10.57423

CaO 0.097362
Ca(OH)2 0.790953
CaCO3 0.111685

P4.8. Q5 8246387 kcal/h; A5 1645 m2; X5 0.632

P4.9. 52% NaCl; 48% NH4HCO3; Required CaCO3, 860 kg; Production

NaCl5 1459 kg

P4.10. W5 357,854 kW; No selection; 1200h/kW

P4.11. 0.28 kg/s H2; 2.23 kg/s O2; No selection; 1250h/kW

P4.12. 0.09434 kmol CO2

P4.13. A5 21.68 m2; ΔP5 7841 kPa.

P4.14. T5 1473K; Q52111,188 kJ

P4.15. 2 1.80 V
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P4.16. 0.41 kg/s H2 and 3.26 kg/s O2; Solar

P4.17. Electrolysis: 4.5 GW; Oxygen Comp: 43.5 MW; Hydrogen Comp:

108 MW

P4.18. Gas:

H2O 0.079
CO 0.316
H2 0.509
CO2 0.095

20% via Electrolysis: Electrolysis: 46 MW; Oxygen Comp: 443 kW;

Hydrogen Comp: 687 kW

P4.19. T5 115�C; W5 7744 kg/s; A5 90 m2; AIQ15 41 m2; AIQ25 8.2 m2

P4.20. T5 111�C; A5 283 m2; AIQ15 65 m2; AIQ25 23 m2

P4.21. MR5 175 kg/h; MP5 825 kg/h; xR5 171,917 ppm; xP5 0.063 ppm

P4.22. 0.189 kmol/s of CaCO3; 0.696 kmol of flue gas

C.4 CHAPTER 5
P5.1. Air: 6 kmol per TM; Steam 8.34 kmol per TM; 8479 kcal/t

P5.2. H2O5 1 kmol; CO5 2 kmol; H25 3 kmol per kmol of C2H2; T5 802K;

alpha5 0.75

P5.3. X5 35% Recirculation (Syngas alone) 179.2; α5 0.014

P5.4. Basis 1 kmol of Coal: Water gas 0.144 kmol; Generator gas 0.119 kmol;

Qwater gas5 4859 kcal; Qgenerator5 1594 kcal; 91.5%

P5.5. T5 252K

P5.6. P5 1 atm; T5 1215K; 0.2079 kmol of C

P5.7.
Component %

N2 73.82
CO2 13.09
CO 13.09
Total 100.00

Component %

H2 48.39
CO 31.61
H2O 11.6
CO2 0.08
C 0
Total 100.00

T5 894 K; Qgenerator gas5 1014 kcal; Qwater gas5 5552 kcal
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P5.8. 974 kg/h of water; 12,959 kW

P5.9. 0.7 mol of CH4 per mol of H2

P5.10. Steam: 0.96 mol per mol of methane; Oxygen: 0.48 mol per mol of

methane

P5.11. α5 64.4%; CO2 removed5 20.5 kmol

Comp Gas %

H2 0.5027
CO 0.2514
CH4 0.0492
N2 0.1967

P5.12. α5 64.4%; CO2 removed5 20.5 kmol; T5 200 �C
P5.13. Purge5 0.022; Recycle gas5 275 kmol; Recycle ammonia5 15.18 kmol

P5.14. Gas composition:

% Molar

H2O 9.90
CO 18.24
CO2 6.76
H2 65.10

39 kmol flue gas/kmol of C3H8

P5.15. X5 0.37; Purge5 0.019; SG Recycle: 159.7 kmol/100 syngas fed;

Methanol Recycle: 3.51 kmol/100 syngas fed

P5.16.

P5.17. T5 298.6 K

P5.18. T5 784 K

P5.19. X5 0.21

P5.20. 2 Beds

P5.21. X5 0.35; 91% of the fed goes to 2nd Bed

P5.22. Efficiency5 50%; 1.38 the minimum

P5.23. L5 19.38 kmol/s with an excess of 34% with respect to the minimum

P5.24. T5 494 K; Purge5 0.038

P5.25. L/D5 2

P5.26. Efficiency5 63%

P5.27. Efficiency5 25%

Vapor Liquid

H2 0.61363282 0.02344087
CO 0.30362718 0.02069322
CO2 0.07531264 0.00684493
MetOH 0.00742736 0.94902098
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P5.28. Temp (K) 573 254 254
P (bar) 50 50 50
Vapor fraction 1 1 0
Enthalpy (MJ/h) 141.8341 21147.413 23293.24
Total flow 352.69 306.0346 46.65541
Total flow unit kmol/h kmol/h kmol/h
Comp unit kmol/h kmol/h kmol/h
Hydrogen 211.11 211.0293 0.08069132
Nitrogen 70.37 70.30444 0.06556367
Argon 9.12 9.083407 0.03659212
Ammonia 62.09 15.61743 46.47256

P5.29. N/A

P5.30. 27% of C3H8 is used as fuel; Syngas composition: 19% H2O; 19% CO;

4% CO2; 58% H2

P5.31. Flash: 0.625 Mh; T (273K); Column 1.003 Mh; 3 Stages; 321 kmol/s of

liquid (Raoult’s law holds)

P5.32. Fresh feeds to beds 2nd5 2.1 kmol/s; 3rd5 2.3 kmol/s

Stream No. Feed
Out 1st
bed 2nd Feed

Exit HX to
Bed 1

Stream Name
Temp K 373.0000� 867.9598 293.0000� 673.0000
Pres Pa 29999999.

6374�
29999999.
6374

29999999.
6374�

29999999.
6374

Enth MJ/s 9.7083 47.443 20.31112 47.443
Vapor mole frac. 1.0000 1.0000 1.0000 1.0000
Total kmol/s 4.2000 3.7585 2.1000 4.2000
Total kg/s 42.0510 42.0511 21.0255 42.0510
Total std L m3/h 458.2150 405.7532 229.1075 458.2150
Total std V m3/h 338894.26 303273.80 169447.16 338894.26
Flowrates in kg/s
Nitrogen 28.0140 21.8306 14.0070 28.0140
Hydrogen 6.0474 4.7126 3.0237 6.0474
Ammonia 0.0000 7.5184 0.0000 0.0000
Argon 7.9896 7.9896 3.9948 7.9896

Stream No.
In 2nd
bed

Out 2nd
Bed 3rd Feed

In 3rd
Bed

Stream Name
Temp K 671.9910 814.7848 293.0000� 670.2527
Pres Pa 29999999.

6374
29999999.
6374

29999999.
6374�

29999999.
6374

Enth MJ/s 47.132 47.133 20.34076 46.793
Vapor mole frac. 1.0000 1.0000 1.0000 1.0000

(Continued )

461Appendix C: Solutions to End-of-Chapter Problems



Continued

Stream No.
In 2nd
bed

Out 2nd
Bed 3rd Feed

In 3rd
Bed

Total kmol/s 5.8585 5.3825 2.3000 7.6825
Total kg/s 63.0766 63.0768 23.0279 86.1047
Total std L m3/h 634.8607 578.2836 250.9273 829.2109
Total std V m3/h 472720.96 434306.26 185585.00 619891.22
Flowrates in kg/s
Nitrogen 35.8375 29.1691 15.3410 44.5101
Hydrogen 7.7363 6.2967 3.3117 9.6084
Ammonia 7.5184 15.6265 0.0000 15.6265
Argon 11.9844 11.9844 4.3753 16.3597

Stream No. Out 3rd Bed Final product

Stream Name
Temp K 789.4937 636.1416
Pres Pa 29999999.6374 29999999.6374
Enth MJ/s 46.794 9.0594
Vapor mole frac. 1.0000 1.0000
Total kmol/s 7.1454 7.1454
Total kg/s 86.1048 86.1048
Total std L m3/h 765.3866 765.3866
Total std V m3/h 576555.86 576555.86
Flowrates in kg/s
Nitrogen 36.9874 36.9874
Hydrogen 7.9845 7.9845
Ammonia 24.7733 24.7733
Argon 16.3597 16.3597

X15 0.221; X25 0.186; X35 0.169; XT5 0.355

C.5 CHAPTER 6
P6.1. Kp5 5.78 atm21; T5 27.25�C
P6.2. T5 1492 K;

Composition %

N2 0.47660706
O2 0.0466796
H2O 0.28999495
NO 0.1867184

77% HNO3; 23% H2O
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P6.3. X5 0.93; T5 1138K

P6.4. T5 784K; T5 505K; L5 5.98kg H2O and 0.153 kg HNO3

P6.5.

Pfin (atm) (20 �C)

O2 0.03249854
N2 0.59247339
NOini 0
NO2 0.08901046
N2O4 0.08048442
Total 0.7944668

Pfin (atm) (10 �C)

O2 0.03138935
N2 0.57225205
NOini 0
NO2 0.06218873
N2O4 0.08962934
Total 0.75545947

Pfin (atm) (40 �C)

O2 0.03471692
N2 0.63291624
NOini 0
NO2 0.15585831
N2O4 0.05559242
Total 0.87908389

P6.6. T5 502K

% Molar

N2 0.80685892
O2 0.05068866
H2O 0.002514
NO 0
NO2 0.13976608
N2O4 0.00017234

P6.7. Sol1: 0.168; Sol2: 0.606

P6.8. 30 �C—200 s; 50 �C—300 s; 100 �C—450 s; 200 �C—t. 1000 s
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P6.9.
kmol

N2 0.45054664
O2 0.01559242
H2O 0.002156928
NO 0
NO2 0.013797762
N2O4 0.01790625

P6.10. L5 5 cm.

C.6 CHAPTER 7
P7.1.

After 1st Bed After 2nd Bed

SO2 0.01856078 0.0033564
N2 0.79 0.79
O2 0.09928039 0.09204708
SO3 0.06143922 0.01446663

T5 450�C
P7.2. S-SO2 SO2-SO3

Initial Final Initial 1st Bed 2nd Bed

SO2 — 0.08 0.08 0.01856078 0.0033564
N2 0.79 0.79 0.79 0.79 0.79
O2 0.21 0.21�0.08 0.21�0.08 0.09928039 0.09204708
SO3 — 0.06143922 0.01446663

FIGURE C.1

464 Appendix C: Solutions to end-of-chapter problems



P7.3.
S-SO2 SO2-SO3 1st Bed SO2-SO3 2nd Bed

Initial Final Initial Final Initial Final

SO2 — 0.1 0.01 0.03119672 0.03119672 0.0039281
N2 0.79 0.79 0.79 0.79 0.79 0.79
O2 0.21 0.21�

0.1
0.21�
0.1

0.07559836 0.07559836 0.06930267

SO3 — 0.06880328 0.00688033 0.02726863

X5 0.96

P7.4. Raw Material 0.5% H2O; 88.1% FeS2; 11.4% Slag; Losses 83,689 kcal/

100 kg Pyrite

P7.5. X5 0.21

kmol

N2 15.56
O2 1.96
H2O 1.41
SO2 1.19
NO 0.16

P7.6. X5 0.85

P7.7. X5 0.975; 61.65 kg Water; Q5293,500 kcal

P7.8. X5 0.6; T5 930K

P7.9. m5 174.4 kg/s; T5 498K

P7.10. T5 711K

P7.11. H2SO4 (99%)5 9.19 kg; H2SO4 (98%)5 174.6 kg;

Water added5 22.25 kg; H2SO4 (Absorption)5 182 kg

P7.12. y5 0.0095 kg Water/kg as;

kmol

N2 21.15
O2 2.81
H2O 0.41
SO2 2.81

Losses5 110,566 kcal
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P7.13.

N2 21.15
O2 1.49
H2O 0.27
SO2 0.14
SO3

NO 0.014

Water5 191. 44 kg

P7.14.
a.

Stream
No. Feed Exit 1st Bed Feed 2nd bed Exit 2nd bed

Temp K 750.0000 918.8530 673.0000 774.9077
Pres Pa 1.0000 101325.0000 101325.0000 101325.0000
Flowrates
in kg/h
Sulfur
Dioxide

640.6501 264.5776 264.5776 43.2041

SO3 0.0000 469.9894 469.9894 746.6465
Oxygen 351.9890 258.0692 258.0692 202.7838
Nitrogen 2213.1060 2213.1060 2213.1060 2213.1060

Stream No Feed 3rd bed Exit 3rd bed Feed 4th bed Exit 4th bed

Temp K 673.0000 689.7883 623.0000 625.7674
Pres Pa 101325.0000 101325.0000 101325.0000 101325.0000
Flowrates
in kg/h
Sulfur
Dioxide

43.2041 7.0884 7.0884 1.2328

SO3 746.6465 791.7814 791.7814 799.0995
Oxygen 202.7838 193.7643 193.7643 192.3019
Nitrogen 2213.1060 2213.1060 2213.1060 2213.1060

b. The conversion increases to almost 100%

C.7 CHAPTER 8
P8.1. MetOH added 2.9 kmol per kmol of Oil

P8.2. D5 88 kg/s; R5 5.12 kg/s; XD5 0.8

P8.3. 42.2% Cellulose; 42.2% Hemicellulose; 15.6% Lignin; Xxylose5 0.66;

18.6 kmol of ethanol
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P8.4. MetOH5 308 kmol; Purge5 0.057

P8.5. 54% Starch; 21% Lipids

P8.6. t5 12 h

P8.7. D5 0.75 kg/s; R5 3.75 kg/s; L/D5 1; Number of trays 9

P8.8. C1HaOa/2; 13.4% of the biogas is used as fuel

P8.9.

HX1

Col
Water�
Ethanol

Col 1
(Met�Eth/
Prop/But)

Col 2
(Eth�
Prop/But)

Thermodynamics UNIFAC UNIFAC UNIFAC UNIFAC
Q (MJ/s) 11.8 18.9 19.3 5.8
Reflux ratio 2.8 8.2 0.15
Tin (K) 305 363 348 355.5
Tout (K) 363 351 (T) �

372 (B)
337.6 (T) �
355.5 (B)

351.1 (T) �
375 (B)

Ethanol prod (kg/s) 4.85 4.82

P8.10. 38% H2; 32% CO

P8.11. C1H3.14O1.36; 45% CO2; 55% CH4

P8.12. 51.4 kg of steam; η5 0.55

P8.13. 41.8% H2; 38.2% CO
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Index

Note: Page numbers followed by “b,” “f,” and “t” refer to boxes, figures, and tables, respectively.

A
Absorption
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